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Preface 


This book represents the culmination of many years of teaching 
experience in the senior design course at West Virginia 
University (WVU), Auburn University, and the University of 
Nevada, Reno. The program at WVU has evolved over the past 
30 years and is still evolving, and the authors continue to 
integrate design throughout the undergraduate curriculum in 
chemical engineering. 


We view design as the focal point of chemical engineering 
practice. Far more than the development of a set of 
specifications for a new chemical plant, design is the creative 
activity through which engineers continuously improve the 
operations of facilities to create products that enhance the 
quality of life. Whether developing the grassroots plant, 
proposing and guiding process modifications, or 
troubleshooting and implementing operational strategies for 
existing equipment, engineering design requires a broad 
spectrum of knowledge and intellectual skills to be able to 
analyze the big picture and the minute details and, most 
important, to know when to concentrate on each. 


Our vehicle for helping students develop and hone their 
design skills is process design covering synthesis of the entire 
chemical process through topics relating to the preliminary 
sizing of equipment, flowsheet optimization, economic 
evaluation of projects, and the operation of chemical processes. 
The purpose of this text is to assist chemical engineering 
students in making the transition from solving well-posed 
problems in a specific subject to integrating all the knowledge 
that they have gained in their undergraduate education and 
applying this information to solving open-ended process 
problems. 


In the fifth edition, we have replaced the majority of Section 
IV, Analysis of Process Performance. In previous editions, 
process performance was explained through a series of 
increasingly complex case studies. The approach adopted in the 
fifth edition is to provide a more logical pedagogy for the design 
of basic process equipment including pipes, pumps, and 
compressors (Chapter 19); heat exchangers (Chapter 20); 
separation equipment (Chapter 21); reactors (Chapter 22); and 
process vessels and steam ejectors (Chapters 23). Each chapter 
starts out with the design procedure and basic equations needed 
to design the equipment. At the end of each chapter, examples 
of performance (or rating) problems are given. The purpose of 
these chapters is to review the key concepts needed in the 
design and then show how to analyze systems in which the 
equipment already exists. It may be tempting to solve the 
performance of existing equipment using the process simulator, 


but using steady-state simulators to model these changes in 
equipment performance can be difficult. Dynamic simulators 
are the preferred method for simulating performance changes 
but are rarely used in the undergraduate curriculum. Therefore, 
we regard the material on equipment performance included in 
Section IV to be an essential part of the undergraduate design 
experience and encourage educators to adopt some if not all of 
this material in the design course or courses in each specific 
area that are often taught in the junior year. The content for 
Chapters 19-23 is taken from the book Chemical Process 
Equipment Design by Turton and Shaeiwitz (ISBN-13: 978-0- 
13-380447-8). 

In addition to the changes in Chapters 19-23, a section on 
advanced optimization has been added to the chapter on 
advanced concepts in steady-state simulation (Chapter 16). 

The arrangement of chapters into the six sections of the 
book is similar to that adopted in the fourth edition. These 
sections are as follows: 


e Section I—Conceptualization and Analysis of Chemical Processes 

e Section II—Engineering Economic Analysis of Chemical Processes 
e Section I11—Synthesis and Optimization of Chemical Processes 

e Section IV—Chemical Equipment Design and Performance 

e Section V—The Impact of Chemical Engineering Design on Society 


e Section VI—Interpersonal and Communication Skills 


In Section I, the student is introduced first to the principal 
diagrams that are used to describe a chemical process. Next, the 
evolution and generation of different process configurations are 
covered. Key concepts used in evaluating batch processes are 
included in Chapter 3, and the concepts of product design are 
given in Chapter 4. Finally, the analysis of existing processes is 
covered. In Section II, the information needed to assess the 
economic feasibility of a process is covered. This includes the 
estimation of fixed capital investment and manufacturing costs, 
the concepts of the time value of money and financial 
calculations, and finally the combination of these costs into 
profitability measures for the process. Section III covers the 
synthesis of a chemical process. The minimum information 
required to simulate a process is given, as are the basics of using 
a process simulator. The choice of the appropriate 
thermodynamic model to use in a simulation is covered, and the 
choice of separation operations is covered. Process optimization 
(including an introduction to optimization of batch processes) 
and heat integration techniques are covered in this section. In 
addition, advanced concepts using steady-state process 
simulators (Chapter 16), the use of dynamic simulators 
(Chapter 17), and process regulation (Chapter 18) are included 
in Section III. In Section IV, the analysis of the design of 
process equipment and the performance of existing process 
equipment is covered. The presentation of this material has 
changed substantially from all previous editions and was 


discussed previously. In Section V, the impact of chemical 
engineering design on society is covered. The role of the 
professional engineer in society is addressed. Separate chapters 
addressing ethics and professionalism, health, safety, and the 
environment, and green engineering are included. Finally, in 
Section VI, the interpersonal skills required by the engineer to 
function as part of a team and to communicate both orally and 
in written form are covered. An entire chapter is devoted to 
addressing some of the common mistakes that students make in 
written reports. 


Finally, three appendices are included. Appendix A gives a 
series of cost charts for equipment. This information is 
embedded in the CAPCOST program for evaluating fixed capital 
investments and process economics. Appendix B gives the 
preliminary design information for 15 chemical processes: 
dimethyl ether, ethylbenzene, styrene, drying oil, maleic 
anhydride, ethylene oxide, formalin, batch manufacture of 
amino acids, acrylic acid, acetone, heptenes production, shift 
reaction, acid-gas removal by a physical solvent, the removal of 
H.S from a gas stream using the Claus process, and finally coal 
gasification. This information is used in many of the end-of- 
chapter problems in the book. These processes can also be used 
as the starting point for more detailed analyses—for example, 
optimization studies. Other projects, given in Appendix C, are 
also included. The reader (faculty and students) is also referred 
to our Web site at 
https: //richardturton.faculty.wvu.edu/projects, where a variety 
of design projects for sophomore-through senior-level chemical 
engineering courses is provided. In addition, a revised 
CAPCOST program is also available at 
https: //richardturton.faculty.wvu.edu/publications/analysis- 
synthesis-and-design-of-chemical-processes-5th-edition as well 
as the HENSAD program and the virtual plant tour. It should be 
noted that revisions to the CAPCOST program will appear 
periodically on the Web site. 

The structure of the senior-year design course obviously 
varies with each instructor. However, the following coverage of 
materials is offered as suggestions. For a one-semester design 
course, we recommend including the following core: 


e Section I—Chapters 1 through 6 
e Section I1I—Chapters 11, 12, and 13 


e Section V—Chapters 25 and 26 


For programs in which engineering economics is not covered 
in a separate course, Section II (Chapters 7—10) should also be 
included. If students have previously covered engineering 
economics, Chapters 14 and 15 covering optimization and pinch 
technology could be substituted. Similarly, for programs that 
have separate courses on process safety and/or where 
engineering ethics is treated elsewhere, Chapters 14 and 15 
could be substituted. 


For the second term of a two-term sequence, we recommend 
Chapters 19 through 23 (and Chapters 14 and 15 if not included 
in the first design course) plus a design project. Chapters 19 
through 23 could also be the basis for an equipment design 
course that might precede a process design course. 
Alternatively, advanced simulation techniques in Chapters 16 
and 17 could be covered. If time permits, we also recommend 
Chapter 18 (Regulation and Control of Chemical Processes with 
Applications Using Commercial Software) and Chapter 24 
(Process Troubleshooting and Debottlenecking), because these 
tend to solidify as well as extend the concepts of Chapters 19 
through 23, that is, what an entry-level process engineer will 
encounter in the first few years of employment at a chemical 
process facility. For an environmental emphasis, Chapter 27 
could be substituted for Chapters 18 and 24; however, it is 
recommended that supplementary material be included. 

We have found that the most effective way both to enhance 
and to examine student progress is through oral presentations 
in addition to the submission of written reports. During these 
oral presentations, individual students or a student group 
defends its results to a faculty panel, much as a graduate 
student defends a thesis or dissertation. 

Because design is at its essence a creative, dynamic, 
challenging, and iterative activity, we welcome feedback on and 
encourage experimentation with this design textbook. We hope 
that students and faculty will find the excitement in teaching 
and learning engineering design that has sustained us over the 
years. 

Finally, we would like to thank those people who have been 
instrumental to the successful completion of this book. Many 
thanks are given to all undergraduate chemical engineering 
students at West Virginia University over the years, particularly 
the period 1992—2018, and the undergraduate chemical 
engineering students at Auburn University from 2013-2018. 
We also acknowledge the many colleagues who have provided, 
both formally and informally, feedback about this text. In 
particular, our thanks go to Dr. Susan Montgomery (University 
of Michigan) and Dr. John Hwalek (University of Maine) for 
their extensive review of Chapters 19-23 and Dr. Fernando 
Lima (West Virginia University) for his review of the 
optimization material in Chapter 16. Finally, RT would like to 
thank his wife, Becky; JAS would like to thank his wife, Terry; 
and DB would like to thank his parents, Sambhunath and 
Gayatri, wife Pampa, and son Swagat for their continued 
support, love, and patience during the preparation of this fifth 
edition. 


R.T. 
J.A.S. 
D.B 
W.B.W. 
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Proportional Gain 
Ultimate Controller Gain 


Equilibrium Constant of a Chemical 
Reaction 
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Liquid Flowrate (Over Bar signifies 


ft Ib/Iby/sec” 

kg/ m”/ s 

kJ 

kg/s, kmol/s 
$/time 

W/m /K 

bar or kPa in Equation 
(13.5), but can be 
different elsewhere 
kJ or kJ/kg 

m 

m 


m 


kmol/ m’ 


years 


W/mK 


Depends on molecularity 
of reaction 


Depends on reaction 
stoichiometry 

kJ/K 

m/s 

Depends on molecularity 
of reaction 


m/s 


kmol/m”/ s 


kg/s 
m 


m 


kg/s or kmol/s 


3 


Ne 


Below Feed in Distillation Column) 


Mass Flowrate kg/s 
Equilibrium/Partition Coefficient 

(y/x) 

Molality kmol/kg 


Parameter Used in Fin Effectiveness, 
m= (2h / 5k)” ? for Rectangular Fins, 
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Knuckle Radius for Dished Heads 
Gas Constant 


Ratio of Heat Capacities Used in Log- 
Mean Temperature Correction Factor 


Residual Funds Needed 


Reflux Ratio 

Heat Transfer Resistance 

Restoring Force to Keep Elbow (pipe 
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Reynolds Number 
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Fluidization 


Reynolds Number at Terminal Velocity 


Rich Stream Flowrate 
Random Number 
Rate of Return on Investment 


Rate of Return on Incremental 
Investment 


Suppression Factor Used in Convective 


Boiling Correlation 
Entropy 
Salvage Value 
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Pressure 


Salt Concentration Factor 
Sensitivity 

Interfacial Surface Area 
Stripping Factor 

Stream Factor 

Thickness of Wall 

Time 

Average Time Spent in Reactor 
Membrane Thickness 
Melting Temperature 

Total Time for a Batch 
Temperature 

Internal Energy 

Vector of Manipulated Inputs 
Flow Velocity 


Dimensionless Terminal Velocity 


Superficial Velocity in Packed or 
Fluidized Bed 

Terminal Velocity of a Particle 
Overall Heat Transfer Coefficient 
Internal Energy 

Molar Volume 

Volume 


Vapor Flow Rate (Over Bar is Below 
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Specific Volume of Reactor 


W or MJ/h 


m 
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kJ/kmol K 


m K/W 
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% p.a. 
% p.a. 


kJ/K 
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s 

m 

K 

s, min, h, yr 
K, R, °C, or °F 
kJ 


m/s 


m/s 


m/s 
W/m K 
J 

m’ /mol 
m? 


kmol/h 


m?/ kg of product 


Up Velocity m/s 
Ù Volumetric Flowrate m? /s 
WwW Weight kg 
WwW Total Moles of a Component kmol 
WwW Width of Heat Transfer Fin m 
Wor Ws Work or Shaft Work kJ/kg 
W, Shaft Power WwW 
WC Working Capital 
x Matrix of Independent Variables 
x Vector of Variables 
x Mole or Mass Fraction 
x Wall or Film Thickness m 
X Mole Faction in Liquid Phase 
X Conversion 
X Base-Case Ratio 
Xip Martinelli’s Two-Phase Flow 
Parameter 
y Mole or Mass Fraction (in Vapor 
Phase) 
Y Yield 
YOC Yearly Operating Cost $/yr 
YS Yearly Cash Flow (Savings) $/yr 
Z Valence of Ions 
Z Solids Mole Fraction, Mole Fraction in 
Feed Stream 
Z Distance or level m 
Z Coordinate in Direction Opposite M 
Gravity 
Greek Symbols 
a Multiplication Cost Factor 
QAB Relative Volatility or Relative Permeability (between 
Species A and B) 
a NRTL Nonrandomness Factor 
a Parameter in Calculating Pressure Drop in Packed 
Bed 
B Parameter in Calculating Pressure Drop in Packed 
Bed 
B Orifice Diameter/Pipe Diameter 
6 Thickness of the Ion-Free Layer below 
ô (Condensing) Film Thickness or Fin Thickness 
€ Void Fraction 
€ Pump Efficiency 
E€ Tolerance, Error 
€ Emissivity 
e Effectiveness (for fins) 
Ejj Lennard-Jones Energy Parameter between Species i 
andj 
Ep Relative Permittivity of the Solvent 
El Relative Permittivity of the Vapor Phase 
e: Permittivity of the Solvent 


Fugacity Coefficient 


kJ/kmol 


Columb’ /kJ 
m 


$ Fugacity Coefficient in Mixture 

p* Fugacity Coefficient of Saturated Vapor 

y Activity Coefficient 

y Ratio of Heat Capacities = C,/C, 

y Activity Coefficient in the Mixture at Infinite Dilution 

Ya Mean Ionic Activity Coefficient 

K Inverse of Debye-Hückel Length m` 
n Catalyst Effectiveness Factor 

n Selectivity 


N, No ne Efficiency for Compressor, Separator, Pump, Turbine 
Np» Nt 


À Heat of Vaporization kJ/kg 
À Eigenvalue 
À Heat of Vaporization/Condensation kJ/kg 
À Lagrangian Multiplier Vector 
Ào Thermal Conductivity of Pure Solvent W/mK 
u Viscosity kg/m s 
Me Chemical Potential kJ 
Ho Viscosity of Pure Solvent kg/ms 
v Stoichiometric Coefficient 
0 Parameter Vector 
0 Ratio of Species Concentration to That of Limiting 
Reactant 
0 Angle ° or rad 
0 Stage Cut in Gas Permeation Membrane 
o Statistical Variance 
o Collision Diameter m 
Surface Tension N/m 
(dyne/ cm’) 
o Stefan-Boltzmann Constant Ww/ m” / Kt 
& Selectivity 
PPs Density, Solid (Particle) Density kg/m? 
© Stoichiometric Parameter 
© Cycle Time s 
T Space Time s 
T NRTL Binary Interaction Energy Parameter 
Tp Derivative Time Constant s 
TI Integral Time Constant s 
y Density of Water/Density of Liquid in Packed Bed 
y Sphericity 
wy Inertial Separation Parameter 
Q Overall Catalyst Effectiveness (Including Internal and 
External Resistances) 
Q Collision Integral 
Subscripts 
1 Base Time, Base Case, or Inlet Condition 
2 Desired Time, New Case, or Outlet Condition 
a Required Attribute 


air-leak Air Leak Due to Vacuum Conditions 


A, B,R, S 
ACT, actual 
Active 


cat 
clean 


cocurrent 


Designating Components A, B, R, S 
Actual 

Refers to Active Column Area 
Auxiliary Buildings 

Anion 

Base Attribute, Baffle 

Bulk or Bubble Phase 

Bare Fin 

Fin Base 

Bottoms of Distillation Column 
Bare Module 

Cation 

Cold, Corrected, Critical, Coolant 
Convective Boiling 

Catalyst 

Cleaning 

Designating a Cocurrent Arrangement for an S-T Heat 
Exchanger 


countercurrent Designating a Countercurrent Arrangement for an S-T Heat 


Cont 

C 

cv 

cw 

cycle 

d 

dished 
elliptical 
D,d 

D 


Exchanger 
Contingency 

Refers to Condenser 
Control Volume 
Cooling Water 

Cycle 

Without Depreciation 
Dished Vessel Head 
Elliptical Vessel Head 
Demand 

Distillate 

Emulsion Phase 
Contractor Engineering Expenses 
Effective 

Equivalent 
Electrolyte(s) 

Metal in the Equipment 
Flooding Conditions 
Film Boiling 

Fin 

Film 

Feed 

Contractor Fee 
Transportation, etc. 
Gas 

Grass Roots 

Hot 

Hydraulic 

Species 

Index, Inside, or Interface 
Inlet or Inner 
Internal 

Year 

Log-Mean 

Liquid Holdup 

Liquid 

Installation Labor 


Lean Streams 


Without Land Cost 
Long-Range Force 
Molality Scale 

Mass Transfer 
Molecular Species 
Heating/Cooling Medium or Membrane 
Number of Years 
Materials for Installation 
Material Cost Factor 
Maximum 

Matching Costs 

Mesh 


Minimum 


Index for Time Instant 
Nominal Interest 
Outside 

Outlet 

Construction Overhead 
Offsites and Utilities 
Operating Labor 


Overall Liquid and Overall Vapor Transfer Units or Height of 


Transfer Unit, Respectively 
Optimum 

Production 

Process Stream or Permeate Stream 


Pool Boiling 


Equipment at Manufacturer’s Site (Purchased), Pressure Cost 


Factor, Process or Particle 
Piping and Instrumentation 
Reversible 

Reaction 

Reduced (Pressure) 

Retenate Stream 

Radiation 

Rich Stream, Reboiler, Reference 


Raw Materials 


All Nonwater Solvents, Simple Interest, Surface, or Stream 


Saturated 

Shell (Side) of Heat Exchanger 
Supply 

Souders-Brown 

Site Development 
Short-Range Force 

Spherical or Equivalent Spherical 
Tube (Side) of Heat Exchanger 
Terminal 

Tube Passes 

Total Module 

Utilities 

Vapor 

Vaporization 

Vessel 

Wire 

Waste Treatment 

Water or Wall 


Designation for Type in Effectiveness Factor for Heat 


Exchangers, y = 1-2, 2-4, 3-6, etc. 


Z Distance Along Reactor or Tube 


Cation 
+ 
Anion 
Superscripts 
a, B Powers of Coefficients in Langmuir-Hinshelwood Kinetics 
a,b Powers in Simple Rate Laws 
DB Double Declining Balance Depreciation 


Eorex Excess Property 


L Lower Limit 
L,l Liquid 
id Equilibrium Value 
o Cost for Ambient Pressure Using Carbon Steel 
s Solid 
SL Straight Line Depreciation 
SOYD Sum of the Years Depreciation 
U Upper Limit 
v Vapor 
Aqueous Infinite Dilution 

oe} 
, Includes Effect of Inflation on Interest 
ee Signifies Reaction Rate Per Unit Mass of Catalyst 


Additional Nomenclature 


Table 1.2 Convention for Specifying Process Equipment 

Table 1.3 Convention for Specifying Process Streams 

Table1.7 Abbreviations for Equipment and Materials of Construction 
Table 1.10 Convention for Specifying Instrumentation and Control Systems 


Note: In this book, matrices are denoted by boldface, 
uppercase, italicized letters and vectors are denoted by boldface, 
lowercase, italicized letters. 


Chapter 0: Outcomes Assessment 


If you are reading this chapter, you are either a student about to 
begin the design class that culminates your chemical 
engineering training or you are a professor planning to teach 
that same class. The design class is often called the capstone 
class, because not only is it the ultimate class in the chemical 
engineering curriculum, but also it is where students are 
expected to apply knowledge gained earlier in the curriculum to 
the solution of a comprehensive chemical engineering design 
problem. 

Outcomes assessment is the process of determining 
whether students have learned what the faculty expects them to 
have learned. The term learned is used in this context to include 
both subject matter (math, chemistry, fluid mechanics, etc.) and 
skills (report writing, oral presentations, teamwork). Outcomes 
assessment can be understood by analogy to process control. In 
process control, a process has a set point—temperature, for 
example. If the exit temperature is measured and it is not at the 
desired value, there may be a feedback loop that alters, for 
example, the flowrate of a cooling water stream in a heat 
exchanger to bring the temperature to the desired value, that is, 
the set point. In outcomes assessment, the faculty determines 
the knowledge and skills (learning outcomes) it expects 
graduates to have mastered. This is the set point. Then the 
faculty measures the level of mastery of the desired knowledge 
and skills, and, if the measurement is not at the set point, there 
should be feedback to students to ensure that the deficiencies 
are corrected for the current students. In addition, there should 
be changes made to the curriculum to ensure that future 
students are closer to the desired set point. This process is 
analogous to feedback control and is illustrated in Figure 0.1. 
Several nested feedback loops are illustrated, because 
assessment results can be obtained from alumni, from seniors 
about to graduate, and at any point in the curriculum. Before 
the advent of outcomes assessment, the traditional model for 
higher education was more analogous to feed-forward control, 
as illustrated in Figure 0.2. In this model, the outcomes are 
assumed based on the content of the curriculum. The weakness 
of feed-forward control is that the output is assumed based on a 
model of the process (curriculum, in this example), but 
prediction of the correct output is completely dependent on the 
validity of the model. 


Education Process 


One 


Class 
Meeting 


One Course 
Graduate 
Entering One 


College Class 
Meeting 


Alumnus 


One Course 


| 


Figure 0.1 Feedback Model for Higher Education 


Output 


Input Curriculum Astünad 


Figure 0.2 Feed-Forward Model of Higher Education 


So what is done with outcomes assessment results? As 
discussed above, one possibility is feedback to improve student 
learning. This is termed formative assessment. Another 
possibility is to use the results to prove that students have 
achieved the desired outcomes. This is termed summative 
assessment. Both forms of assessment are necessary. 
Summative assessment is necessary to satisfy current 
accreditation requirements and, particularly at state-supported 
institutions, to satisfy the requirements of governing bodies 
(e.g., boards of trustees). Formative assessment is necessary to 
improve student learning to ensure that the desired learning 
outcomes are achieved. 

So why include this topic in a process design textbook? 
There are two reasons. One is that accreditation of all 
engineering programs by ABET is now based on outcomes 
assessment [1]. The second reason is that it is believed that the 
capstone design class is one of the most logical places in the 
curriculum for outcomes assessment. Both the faculty and 
students can perform assessment in the capstone design class. 
Because this is the class that culminates a student’s 
undergraduate experience and it is the class in which students 
are expected to apply what they have learned earlier in the 
curriculum, there is no better opportunity to assess learning 
outcomes before students graduate. By performing this 
assessment before graduation, there is opportunity for feedback 
to students, possibly in the form of remedial instruction, in case 
any of the desired outcomes are not met. 


In what follows, students will first be shown how to assess 
themselves, followed by methods that instructors can use to 
assess student outcomes in the design class. 


0.1 STUDENT SELF-ASSESSMENT 


There are two ways to describe what you should have learned 
before receiving your chemical engineering degree. One is to list 
all of the skills and subject matter you should have learned. This 
is curriculum dependent, so the list in one department may 
differ from the list in another department, although the lists 
between departments will probably have at least 75% common 
material. However, accreditation requirements state that a 
department’s objectives and outcomes must be published, so 
your department’s expectations for you are probably easy to 
find on the Web. You can compare your current level of 
achievement to your department’s expectations. As you proceed 
through the design class, if you encounter something you do not 
fully understand, you should take this opportunity to learn it. In 
many cases, it will be something that your instructor believes 
you already know, so, by taking the time to catch up, you will be 
moving closer to the desired outcomes of your department. If it 
is something that was never covered in an earlier class, you 
should still take the time to learn it. After you graduate, you will 
encounter many aspects of chemical engineering that were not 
part of the undergraduate curriculum, and you will have to 
learn them on your own. It is better to practice this skill while in 
school. If you believe that you should be taught all aspects of 
chemical engineering in school, then you are either being 
unrealistic or you want a ten-year undergraduate degree! As are 
all professions, chemical engineering is ever changing. As 
professionals, chemical engineers are expected to continue to 
learn throughout their careers. Besides, one of your 
department’s outcomes is undoubtedly that you should have the 
ability to educate yourself. Therefore, the capstone class often 
requires you to teach yourself new material—on purpose. 

A second, more general method for describing what you 
have learned is known as Bloom’s Taxonomy of educational 
objectives [2]. This is known as the cognitive domain, and it 
includes knowledge, thinking, and the application of knowledge, 
certainly the issues most applicable to chemical engineering 
education. (The other domain is known as the affective 
domain, and it includes attitudes and values. This domain will 
not be discussed here.) 


Bloom’s Taxonomy has six levels: 


1. Knowledge: In this context, knowledge means facts, definitions, 
technical jargon, and so on. Knowledge is most often tested using 
multiple-choice questions. The primary skill necessary to be successful at 
this level is memorization, which, by now, you know is not sufficient to be 
successful as a chemical engineer. If you know that mass and energy are 
always conserved, or if you know that the ideal gas law is PV = nRT, you 
have demonstrated this level of cognitive achievement. 

2. Comprehension: Comprehension means that you understand what 
something means. The simplest way to demonstrate comprehension is to 
explain something in your own words. For example, if you can explain the 
meaning of each term in the Navier-Stokes equations, you have reached 
this level of cognitive achievement. For the ideal gas law, if you can 
explain its meaning in your own words, including the assumptions of 
noninteracting molecules and molecules that have no volume, you are at 
the comprehension level of cognitive achievement. Comprehension is 


most often tested with short answer and essay questions. 


3. Application: Application means that you can apply the knowledge 
mastered at levels 1 and 2 to solve problems. If you have reached the 
capstone design class, then you most certainly have achieved this level of 
cognitive achievement. Achievement of application is the minimum 
standard to pass lower-level engineering classes. Problems must be 
solved, and the problems you have been solving at the end of textbook 
chapters for the past few years demonstrate application. If you can solve a 
problem that requires use of the ideal gas law (without specifically being 
told to use it), then you have reached this level of cognitive achievement. 
Most of the problems in this book in Section II (engineering economics) 
and Section II (process equipment design and performance) are at this 
level. 

4. Analysis: Analysis is generally described as the ability to break a 
complex problem down into its component parts. The more difficult end- 
of-chapter problems you have been assigned are often at this level. For 
example, a problem that requires use of both material and energy 
balances, and requires you to determine when to use each one, is an 
analysis problem. The problems in this book in Section I, Chapters 5-6, 
and some in Section IV, particularly those in Chapter 24, are at this level, 
because these problems require you to break down a process flowsheet 
into its component parts. 

5. Synthesis: Synthesis is putting pieces of a problem together to make a 
whole. It is possible that you have not yet been given this challenge. In 
Section III, Chapters 12 and 13, where a chemical process is constructed 
(synthesized) from its component parts, you will meet this challenge. In 
completing a process design, the concept of a base case will be introduced. 
A base case is a reasonable first estimate of a process design that has not 
yet been optimized. Construction of a base case involves synthesis. 


6. Evaluation: Evaluation is the use of judgment when obtaining a problem 
solution. It is the use of judgment in choosing among alternatives. A 
simple example of evaluation might be checking someone else’s work for 
errors. In the context of design, optimization, which is discussed in 
Chapter 14, is a very common mechanism of evaluation. In optimization, 
the “best” solution is sought using constraints and judgment. If you take 
the base-case design discussed above and improve it based on your 
engineering judgment, which may be based on optimization, experience, 
or heuristics, you are performing evaluation. 


As a student, you can reflect on your undergraduate 
education using Bloom’s Taxonomy and determine what level 
you believe that you have achieved to date, and you can trace 
your progress through level 6 before you graduate. By that time, 
you should have had experiences through level 6. It is levels 4—6 
that are required for success with a company or in graduate 
school. 


0.2 ASSESSMENT BY FACULTY 


The capstone class is one of the most logical opportunities for 
program assessment, because it is where students are expected 
to apply previously learned knowledge. Another advantage is 
that the capstone design experience is something that is already 
being done; therefore, outcomes assessment can be performed 
with only an incremental effort. The question is how to measure 
learning outcomes. Several methods are suggested below, many 
of which the authors have used successfully. 

One measure that the authors have used is a classroom 
assessment technique related to the memory matrix or 


categorizing grid [3]. On the first day of the design class, 
students are told that this is the class where they apply what 
they have learned thus far, and they are asked to enumerate the 
concepts they believe they have learned prior to the design 
class. Quite often, the initial response is to list the names of all 
classes taken in the chemical engineering curriculum. At that 
point, those classes are listed on the board and students are 
asked to fill in what they learned in each class. The resulting list 
provides a good idea of what students believe they have learned. 
There are always topics that are omitted. If you believe a key 
topic has been omitted, ask the class about it. If they all agree 
that it was their omission that is a good sign. If they all disclaim 
any knowledge of the topic, or even its definition, that is a sign 
that you may want to include this topic somewhere in the design 
class, especially if you think it is important. This provides 
feedback to students. If you think this topic was omitted from 
the syllabus or not learned by students in an earlier class, then 
you should consider finding a method to ensure that it is 
learned in the future. This is a delicate matter, of course, but it 
is made somewhat easier by the accreditation requirement that 
course objectives be included in the syllabus. One result of this 
requirement is that many faculties now discuss course content 
more than they did in the past. The authors can send interested 
instructors results of this exercise from our classes. 


Another method for obtaining assessment results from 
capstone experiences is to develop a rubric containing attributes 
expected from a design project and evaluate the finished 
product within its context. In this situation, the term rubric 
means a procedure. The advantage of a well-defined rubric is 
that it makes it easier to obtain consistency in evaluation 
between multiple evaluators. A portion of a rubric that can be 
used for evaluating the technical content of design reports is 
shown in Figure 0.3. A composite score, which must be an 
integer, is entered only for the attribute in bold. It is an average 
of the characteristics under each attribute. If the average of all 
scores is significantly less than 3, it is believed that feedback is 
required, both to current students in the form of remedial work 
and into the curriculum to improve the performance of students 
when they are assigned a similar design project. An updated 
version of this complete rubric, as well as others currently used 
by the authors for oral presentations, written reports, and 
laboratory reports, is available at 
http://cbe.statler.wvu.edu/che-accreditation-assessment. By 
using a rubric for assessment purposes, it is possible to 
determine the success in student achievement of each attribute 
considered to be an important component of the whole. By 
merely assigning a grade, only a composite evaluation is 
obtained. This method reveals the details and can also be used 
to make subjective evaluation of design projects more objective. 


2-Below 3-Meets 4-Exceeds 
Attribute 1-Not Acceptable Expectations Expectations Expectations Score 
Design of equipment, analysis of 
performance of existing equipment, 
understand interrelationship 
between equipment in process 
Design of individual equipment Major errors in Some errors in Equipment designed | Unique aspects of 
individual equipment correctly equipment design 
equipment design design enhance result 
Understand interrelationship between | Nounderstanding of | Minimum Clear understanding Exploitation of 
equipment on flowsheet equipment understanding of of equipment equipment 
interrelationship equipment interrelationship interrelationship to 
interrelationship enhance result 
Constraints/limitations of individual Constraints/ Not all constraints/ | Constraints/ Exploitation of 


equipment and flowsheet understood limitations not limitations limitations clearly constraints/ 
understood understood understood limitations to 
enhance result 


Response to questions indicates Response to Response to Response to Response to 
understanding of chemical questions questions shows questions shows questions shows 
engineering principles demonstrates lack gaps in clear understanding superior 

of understanding understanding understanding 


Significance of conclusions Lack of Gaps in Clear understanding Superior 
understood understanding understanding understanding 


Figure 0.3 Portion of a Rubric for Evaluating Design 
Projects 


One of the authors’ favorite methods for obtaining 
assessment results is from the questions and follow-up 
questions after oral design report presentations [4]. Students’ 
responses to questions and follow-up questions can reveal their 
true understanding of what they did and the principles they 
applied to arrive at the solution to the problem. In many ways, 
this is similar to a Ph.D. dissertation defense. The chemical 
engineering department at West Virginia University uses a 
series of projects over the senior year for assessment purposes. 
From these, feedback can be provided several times over the 
senior year. For a program that has only one project, another 
way to get similar information is from interim presentations or 
interim review meetings in which students are asked to explain 
their thought patterns. Students will always make errors; after 
all, they are still students. However, if a significant number of 
students make the same error or have the same misconception, 
then it is a significant result and should be noted. 
Documentation of questions asked (to the instructor or to a TA) 
can reveal the same type of information. 

An important assessment principle is that skills should be 
developed over time, so students may demonstrate 
improvement after receiving feedback. Design is one such skill, 
as are oral presentations, written reports, teamwork, and so on. 
The capstone design class usually requires all of these 
experiences. It is difficult to argue that students have developed 
any of these skills if they have only one such experience while an 
undergraduate. Therefore, it is recommended that students 
receive multiple experiences to develop these skills, with 
feedback after each experience. One way to do this is by 
integrating these experiences throughout the curriculum. If this 
is not possible, then it is suggested that there be multiple 
experiences with feedback in the capstone experience. 


0.3 SUMMARY 


The capstone design class, the class for which this book is 
written, is a logical place for outcomes assessment, because it is 
where students apply knowledge learned earlier in the 
curriculum and because, given that the capstone experience 
already exists, only incremental effort is required. Students can 


assess their own progress using Bloom’s Taxonomy or by 
comparing their progress to the educational objectives and/or 
learning outcomes published by their department. Several 
methods have been described here that the faculty can use to 
obtain program assessment results. 
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Section I: Conceptualization and 
Analysis of Chemical Processes 


The purpose of this section of the book is to introduce the tools 
necessary to understand, interpret, synthesize, and create 
chemical processes. The basis of interpreting chemical 
processes lies with understanding the principal diagrams that 
are routinely used to describe chemical processes, most 
important of which is the process flow diagram (PFD). Although 
PFDs are unique for each chemical product, they possess many 
of the same characteristics and attributes. Moreover, the 
conditions (pressure, temperature, and concentration) at which 
different equipment operate are unique to the chemical product 
and processing route chosen. In order for process engineers to 
understand a given process or to be able to synthesize and 
optimize a new process, they must be able to apply the 
principles outlined in this section. 


Chapter 1: Diagrams for Understanding Chemical 
Processes 


The technical diagrams commonly used by chemical 
engineers are presented. These diagrams include the block 
flow diagram (BFD), the process flow diagram (PFD), and 
the piping and instrumentation diagram (P&ID). A 
standard method for presenting a PFD is given and 
illustrated using a process to produce benzene via the 
catalytic hydrodealkylation of toluene. The 3-D topology of 
chemical processes is introduced, and some basic 
information on the spacing and elevation of equipment is 
presented. These concepts are further illustrated in the 
Virtual Plant Tour AVI file on the webpage for this book 
given in the preface. Finally, operator training (OTS) and 3- 
D immersive training simulators (ITS) are discussed and 
their role in training and educating engineers is covered. 


Chapter 2: The Structure and Synthesis of Process 
Flow Diagrams 

The evolutionary process of design is investigated. This 
evolution begins with the process concept diagram that 
shows the input/output structure of all processes. From this 
simple starting point, the engineer can estimate the gross 
profit margins of competing processes and of processes that 
use different chemical synthesis routes to produce the same 
product. In this chapter, it is shown that all processes have 
a similar input/output structure whereby raw materials 
enter a process and are reacted to form products and by- 
products. These products are separated from unreacted 


feed, which is usually recycled. The product streams are 
then purified to yield products that are acceptable to the 
marketplace. All equipment in a process can be categorized 
into one of the six elements of the generic block flow 
process diagram. The development of the process design 
continues by building preliminary flowsheets from these 
basic functional elements that are common to all processes. 


Chapter 3: Batch Processing 


In this chapter, key issues relating to the production of 
chemical products using batch processes are explored. The 
major difference between continuous and batch processes is 
that unsteady-state operations are normal to batch plants 
whereas steady state is the norm for continuous processes. 
The chapter starts with an example illustrating typical 
calculations required to design a sequence of batch 
operations to produce a given product. The remainder of 
the chapter is devoted to how best to sequence the different 
operations required to produce multiple chemical products 
using a fixed amount of equipment. The concepts of Gantt 
charts, cycle times, batch campaigning, intermediate and 
final product storage, and parallel operations are covered. 


Chapter 4: Chemical Product Design 

Chemical product design is defined to include application of 
chemical engineering principles to the development of new 
devices, development of new chemicals, development of 
new processes to produce these new chemicals, and 
development of marketable technology. The design 
hierarchy for chemical product design is presented. The 
necessity of considering customer needs in chemical 
product design and the need to develop interdisciplinary 
teams are discussed. 


Chapter 5: Tracing Chemicals through the Process 
Flow Diagram 

In order to gain a better understanding of a PFD, it is often 
necessary to follow the flow of key chemical components 
through the diagram. This chapter presents two different 
methods to accomplish this. The tracing of chemicals 
through the process reinforces understanding of the role 
that each piece of equipment plays. In most cases, the major 
chemical species can be followed throughout the flow 
diagram using simple logic without referring to the flow 
summary table. 


Chapter 6: Understanding Process Conditions 

Once the connectivity or topology of the PFD has been 
understood, it is necessary to understand why a piece of 
equipment is operated at a given pressure and temperature. 
The idea of conditions of special concern is introduced. 
These conditions are either expensive to implement (due to 
special materials of construction and/or the use of thick- 


walled vessels) or use expensive utilities. The reasons for 
using these conditions are introduced and explained. 


Chapter 1: Diagrams for 
Understanding Chemical Processes 


WHAT YOU WILL LEARN 
Different types of chemical process diagrams 
How these diagrams represent process views at different scales 


One consistent method for drawing process flow diagrams 


The information to be included in a process flow diagram 


The purpose of operator training simulators and recent advances in 3-D 
representation of different chemical processes 


The chemical process industry (CPI) is involved in the 
production of a wide variety of products that improve the 
quality of our lives and generate income for companies and 
their stockholders. In general, chemical processes are complex, 
and chemical engineers in industry encounter a variety of 
chemical process flow diagrams. These processes often involve 
substances of high chemical reactivity, high toxicity, and high 
corrosivity operating at high pressures and temperatures. These 
characteristics can lead to a variety of potentially serious 
consequences, including explosions, environmental damage, 
and threats to people’s health. It is essential that errors or 
omissions resulting from missed communication between 
persons and/or groups involved in the design and operation do 
not occur when dealing with chemical processes. Visual 
information is the clearest way to present material and is least 
likely to be misinterpreted. For these reasons, it is essential that 
chemical engineers be able to formulate appropriate process 
diagrams and be skilled in analyzing and interpreting diagrams 
prepared by others. 


The most effective way of communicating information 


about a process is through the use of flow diagrams. 


This chapter presents and discusses the more common flow 
diagrams encountered in the chemical process industry. These 
diagrams evolve from the time a process is conceived in the 
laboratory through design, construction, and the many years of 
plant operation. The most important of these diagrams are 
described and discussed in this chapter. 

The following narrative is taken from Kauffman [1] and 
describes a representative case history related to the 
development of a new chemical process. It shows how teams of 
engineers work together to provide a plant design and 
introduces the types of diagrams that will be explored in this 


chapter. 


The research and development group at ABC Chemicals 
Company worked out a way to produce alpha-beta 
souptol (ABS). Process engineers assigned to work with 
the development group have pieced together a 
continuous process for making ABS in commercial 
quantities and have tested key parts of it. This work 
involved hundreds of block flow diagrams, some 
more complex than others. Based on information 
derived from these block flow diagrams, a decision was 
made to proceed with this process. 


A process engineering team from ABC’s central office 
carries out the detailed process calculations, material 
and energy balances, equipment sizing, etc. Working 
with their drafting department, they produced a series 
of PFDs (Process Flow Diagrams) for the process. 
As problems arise and are solved, the team may revise 
and redraw the PFDs. Often the work requires several 
rounds of drawing, checking, and revising. 


Specialists in distillation, process control, kinetics, 
and heat transfer are brought in to help the process 
team in key areas. Some are company employees and 
others are consultants. 


Since ABC is only a moderate-sized company, it does 
not have sufficient staff to prepare the 120 P&IDs 
(Piping and Instrumentation Diagrams) needed 
for the new ABS plant. ABC hires a well-known 
engineering and construction firm (E&C Company), 
DEFCo, to do this work for them. The company assigns 
two of the ABC process teams to work at DEFCo to 
coordinate the job. DEFCo’s process engineers, 
specialists, and drafting department prepare the P&IDs. 
They do much of the detailed engineering (pipe sizes, 
valve specifications, etc.) as well as developing the 
necessary computer aided design (CAD) and process 
drawings. The job may take two to six months. Every 
drawing is reviewed by DEFCo’s project team and by 
ABC's team. If there are disagreements, the engineers 
and specialists from the companies must resolve them. 

Finally, all the PFDs and the P&IDs are completed 
and approved. ABC can now go ahead with the 
construction. They may extend their contract with 
DEFCo to include this phase, or they may go out for 
construction bids from a number of other companies. 


This narrative describes a typical sequence of events taking a 
project from its initial stages through plant construction. If 
DEFCo had carried out the construction, ABC could go ahead 
and take over the plant or DEFCo could be contracted to carry 
out the start-up and to commission the plant. Once satisfactory 
performance specifications have been met, ABC would take over 


the operation of the plant and commercial production would 
begin. 

From conception of the process to the time the plant starts 
up, two or more years will have elapsed and millions of dollars 
will have been spent with no revenue from the plant. The plant 
must operate successfully for many years to produce sufficient 
income to pay for all plant operations and to repay the costs 
associated with designing and building the plant. During this 
operating period, many unforeseen changes are likely to take 
place. The quality of the raw materials used by the plant may 
change, product specifications may be raised, production rates 
may need to be increased, the equipment performance will 
decrease because of wear, the development of new and better 
catalysts will occur, the costs of utilities will change, new 
environmental regulations may be introduced, or improved 
equipment may appear on the market. 

As a result of these unplanned changes, plant operations 
must be modified. Although the operating information on the 
original process diagrams remains informative, the actual 
performance taken from the operating plant will be different. 
The current operating conditions will appear on updated 
versions of the various process diagrams, which will act as a 
primary basis for understanding the changes taking place in the 
plant. These process diagrams are essential to an engineer who 
has been asked to diagnose operating problems, solve problems 
in operations, debottleneck systems for increased capacity, and 
predict the effects of making changes in operating conditions. 
All these activities are essential in order to maintain profitable 
plant operation. 


In this chapter, the focus is on three diagrams that are 
important to chemical engineers: block flow, process flow, and 
piping and instrumentation diagrams. Of these three diagrams, 
the most useful to chemical engineers is the PFD. The 
understanding of the PFD represents a central goal of this 
textbook. 


1.1 BLOCK FLOW DIAGRAM (BFD) 


Block flow diagrams are introduced early in the chemical 
engineering curriculum. For example, in the first course in 
material and energy balances, often an initial step is to convert a 
word problem into a simple block diagram. This diagram 
consists of a series of blocks representing different equipment 
or unit operations that are connected by input and output 
streams. Important information such as operating 
temperatures, pressures, conversions, and yield are included on 
the diagram along with flowrates and some chemical 
compositions. However, the diagram does not include any 
details of equipment within any of the blocks. 

The block flow diagram can take one of two forms. First, a 
block flow diagram may be drawn for a single process. 


Alternatively, a block flow diagram may be drawn for a 
complete chemical complex involving many different chemical 
processes. These two types of diagrams are differentiated by 
calling the first a block flow process diagram and the second a 
block flow plant diagram. 


1.1.1 Block Flow Process Diagram 


An example of a block flow process diagram is shown in Figure 
1.1, and the illustrated process is described below. 


Toluene and hydrogen are converted in a reactor to 
produce benzene and methane. The reaction does not go 
to completion, and excess toluene is required. The 
noncondensable gases are separated and discharged. 
The benzene product and the unreacted toluene are then 
separated by distillation. The toluene is then recycled 
back to the reactor and the benzene removed in the 


product stream. 
Mixed Gas 
(2610 kg/h) 
Toluene > 
(10,000 kg/h) Gas 
Separator 


Benzene 
(8210 kg/h) 


Hydrogen 
(820 kg/h) 


Conversion 


Mixed Liquids 
75% Toluene 


Still 


Toluene 


Reaction: C7Hg + H20 CsHg + CH, 


Figure 1.1 Block Flow Process Diagram for the Production of 
Benzene 


This block flow diagram gives a clear overview of the 
production of benzene, unobstructed by the many details 
related to the process. Each block in the diagram represents a 
process function and may, in reality, consist of several pieces of 
equipment. The general format and conventions used in 
preparing block flow process diagrams are presented in Table 
1.1. 


Table 1.1 Conventions and Format Recommended for 
Laying Out a Block Flow Process Diagram 


Operations shown by blocks. 


Major flow lines shown with arrows giving direction of flow. 


Flow goes from left to right whenever possible (recycles go right to left). 


PHN yp 


Light stream (gases) toward top with heavy stream (liquids and solids) 
toward bottom. 

5. Critical information unique to process supplied. 

6. If lines cross, then the horizontal line is continuous and the vertical line 
is broken (hierarchy for all drawings in this book). 


7. Simplified material balance provided. 


Although much information is missing from Figure 1.1, it is 
clear that such a diagram is very useful for “developing a feel” 
for the process. Block flow process diagrams often form the 
starting point for developing a PFD. They are also very helpful 
in conceptualizing new processes and explaining the main 
features of the process without getting bogged down in the 
details. 


1.1.2 Block Flow Plant Diagram 


An example of a block flow plant diagram for a complete 
chemical complex is illustrated in Figure 1.2. This block flow 
plant diagram is for a coal to higher alcohol fuels plant. Clearly, 
this is a complicated process in which there are a number of 
alcohol fuel products produced from a feedstock of coal. Each 
block in this diagram represents a complete chemical process 
(compressors and turbines are also shown as trapezoids), and a 
block flow process diagram could be drawn for each block in 
Figure 1.2. The advantage of a diagram such as Figure 1.2 is that 
it allows a complete picture to be obtained of what this plant 
does and how all the different processes interact. On the other 
hand, in order to keep the diagram relatively uncluttered, only 
limited information is available about each process unit. The 
conventions for drawing block flow plant diagrams are similar 
to Table 1.1. 
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Figure 1.2 Block Flow Plant Diagram of a Coal to Higher 
Alcohol Fuels Process 


Both types of block flow diagrams are useful for explaining 
the overall operation of chemical plants. For example, consider 
that you have just joined a large chemical manufacturing 
company that produces a wide range of chemical products from 
the site to which you have been assigned. You would most likely 
be given a block flow plant diagram to orient you to the 
products and important areas of operation. Once assigned to 
one of these areas, you would again likely be provided with a 
block flow process diagram describing the operations in your 


particular area. 

In addition to the orientation function described earlier, 
block flow diagrams are used to sketch out and screen potential 
process alternatives. Thus, they are used to convey information 
necessary to make early comparisons and eliminate competing 
alternatives without having to make detailed and costly 
comparisons. 


1.2 PROCESS FLOW DIAGRAM (PFD) 


The process flow diagram (PFD) represents a quantum step up 
from the BFD in terms of the amount of information that it 
contains. The PFD contains the bulk of the chemical 
engineering data necessary for the design of a chemical process. 
For all of the diagrams discussed in this chapter, there are no 
universally accepted standards. The PFD from one company will 
probably contain slightly different information from the PFD for 
the same process from another company. Having made this 
point, it is fair to say that most PFDs convey very similar 
information. A typical commercial PFD will contain the 
following information: 

1. All the major pieces of equipment in the process will be represented on 
the diagram along with a description of the equipment. Each piece of 
equipment will have a unique equipment number and a descriptive name. 

2. All process flow streams will be shown and identified by a number. A 
description of the process conditions and chemical composition of each 
stream will be included. These data will be either displayed directly on the 
PFD or included in an accompanying flow summary table. 


3. All utility streams supplied to major equipment that provide a process 
function will be shown. 


4. Basic control loops, illustrating the control strategy used to operate the 
process during normal operations, will be shown. 

It is clear that the PFD is a more complex diagram than a 
BFD requiring a substantial effort to prepare. It is essential that 
it should remain uncluttered and be easy to follow, to avoid 
errors in presentation and interpretation. Often PFDs are drawn 
on large sheets of paper (for example, size D: 24 in x 36 in), and 
several connected sheets may be required for a complex process. 
Because of the page size limitations associated with this text, 
complete PFDs cannot be presented here. Consequently, certain 
liberties have been taken in the presentation of the PFDs in this 
text. Specifically, certain information will be presented in 
accompanying tables, and only the essential process 
information will be included on the PFD. The resulting PFDs 
will retain clarity of presentation, but the reader must refer to 
the flow summary and equipment summary tables in order to 
extract all the required information about the process. 

Before the various aspects of the PFD are discussed, it 
should be noted that the PFD and the process that is described 
in this chapter will be used throughout the book. The process is 
the hydrodealkylation of toluene to produce benzene. This is a 
well-studied and well-understood commercial process still used 


today. The PFD presented in this chapter for this process is 
technically feasible but is in no way optimized. In fact, many 
improvements to the process technology and economic 
performance can be made. Many of these improvements will 
become evident when the appropriate material is presented. 
This allows the techniques provided throughout this text to be 
applied both to identify technical and economic problems in the 
process and to make the necessary process improvements. 
Therefore, throughout the text, weak spots in the design, 
potential improvements, and a path toward an optimized 
process flow diagram will be identified. 

The basic information provided by a PFD can be categorized 
into one of the following: 


1. Process topology 
2. Stream information 


3. Equipment information 


Each aspect of the PFD will be considered separately. After 
each of the three topics has been addressed, all the information 
will be gathered and presented in the form of a PFD for the 
benzene process. 


1.2.1 Process Topology 


Figure 1.3 is a skeleton process flow diagram for the production 
of benzene (see also the block flow process diagram in Figure 
1.1). This skeleton diagram illustrates the location of the major 
pieces of equipment and the connections that the process 
streams make between equipment. The location of and 
interaction between equipment and process streams are 
referred to as the process topology. 


V-101 P-1O1A/B E101 H101 R-101 C-101A/B E-102 V-102 v-103 E-103 E-106 T-101 E-104 V-104 P-102A/B E-105 
Toluene Toluene Feed Feed Reactor RecycleGas Reactor High-Pres. Low-Pres. Tower Benzene Benzene Benzene Reflux Reflux Product 
Storage Feed Pumps Preheater Heater Compressor Effluent PhaseSep. PhaseSep. Feed Reboiler Column Condenser Drum Pumps Cooler 
Drum Cooler Heater 


Fuel Gas 


Figure 1.3 Skeleton Process Flow Diagram (PFD) for the 
Production of Benzene via the Hydrodealkylation of Toluene 


Equipment is represented symbolically by “icons” that 
identify specific unit operations. Although the American Society 
of Mechanical Engineers (ASME) [2] publishes a set of symbols 
to use in preparing flowsheets, it is common for companies to 
use in-house symbols. A comprehensive set of symbols is also 
given by Austin [3]. Whatever set of symbols is used, there is 
seldom a problem in identifying the operation represented by 
each icon. Figure 1.4 contains a list of the symbols used in 
process diagrams presented in this text. This list covers more 


than 90% of those needed in fluid (gas or liquid) processes. 


o —) lal 


HEAT EXCHANGERS 


[es j 


FIRED HEATER VESSELS 


O æ 8a 


STORAGE TANKS 
REACTORS 


z A 9 E — process input [><] varve 


—( Process output <> STREAM NUMBER 
PUMPS, TURBINES, 


COMPRESSORS py CONTROL VALVE O INSTRUMENT FLAG 
DKI GLOBE VALVE (MANUAL CONTROL) 


Figure 1.4 Symbols for Drawing Process Flow Diagrams 


Figure 1.3 shows that each major piece of process equipment 
is identified by a number on the diagram. A list of the 
equipment numbers along with a brief descriptive name for the 
equipment is printed along the top of the diagram. The location 
of these equipment numbers and names roughly corresponds to 
the horizontal location of the corresponding piece of equipment. 
The convention for formatting and identifying the process 
equipment is given in Table 1.2. This table provides the 
information necessary for the identification of the process 
equipment icons shown in a PFD. As an example of how to use 
this information, consider the unit operation P-101A/B and 
what each number or letter means. 


P-101A/B identifies the equipment as a pump. 

P-101A/B indicates that the pump is located in area 100 of 
the plant. 

P-101A/B indicates that this specific pump is number 01 in 
unit 100. 

P-101A/B indicates that a backup pump is installed. Thus, 
there are two identical pumps, P-101A and P-101B. One 
pump will be operating while the other is idle. 


Table 1.2 Conventions Used for Identifying Process 
Equipment 


General Format XX-YZZ A/B 


XX are the identification letters for the equipment classification 
C — Compressor or Turbine 

E — Heat Exchanger 

H - Fired Heater 

P — Pump 

R — Reactor 

T — Tower 

TK — Storage Tank 

V — Vessel 


Y designates an area within the plant 
ZZ is the number designation for each item in an equipment class 


A/B identifies parallel units or backup units not shown on a PFD 


Additional description of equipment is given on top of PFD 


The 100 area designation will be used for the benzene 
process throughout this text. Other processes presented in the 
text will carry other area designations. Along the top of the PFD, 
each piece of process equipment is assigned a descriptive name. 
From Figure 1.3 it can be seen that Pump P-101 is called the 
“toluene feed pump.” This name will be commonly used in 
discussions about the process and is synonymous with P-101. 


During the life of the plant, many modifications will be made 
to the process; often it will be necessary to replace or eliminate 
process equipment. When a piece of equipment wears out and is 
replaced by a new unit that provides essentially the same 
process function as the old unit, then it is not uncommon for the 
new piece of equipment to inherit the old equipment’s name 
and number (often an additional letter suffix will be used, e.g., 
H-101 might become H-101A). On the other hand, if a 
significant process modification takes place, then it is usual to 
use new equipment numbers and names. The key point here is 
that when an engineer looks for information about a piece of 
equipment there should be no ambiguity. For example, if they 
find data on a piece of equipment named E-103 then there 
should be no confusion to what heat exchanger this 
documentation refers. If the original E-103 had been replaced 
with a different exchanger also designated E-103 then clearly a 
lot of confusion, wasted time, and potential safety issues could 
result by using the data for the old exchanger to modify and/or 
evaluate the new exchanger. Example 1.1, taken from Figure 1.3, 
illustrates this concept. 


Example 1.1 


Operators report frequent problems with E-102, which 
are to be investigated. The PFD for the plant’s 100 area is 
reviewed, and E-102 is identified as the “Reactor Effluent 
Cooler.” The process stream entering the cooler is a 
mixture of condensable and noncondensable gases at 
654°C that are partially condensed to form a two-phase 
mixture. The coolant is water at 30°C. These conditions 
characterize a complex heat transfer problem. In 
addition, operators have noticed that the pressure drop 
across E-102 fluctuates wildly at certain times, making 
control of the process difficult. Because of the frequent 
problems with this exchanger, it is recommended that E- 
102 be replaced by two separate heat exchangers. The 
first exchanger cools the effluent gas and generates steam 
needed in the plant. The second exchanger uses cooling 
water to reach the desired exit temperature of 38°C. 
These exchangers are to be designated as E-107 (reactor 


effluent boiler) and E-108 (reactor effluent condenser). 


In reviewing Example 1.1, the E-102 designation is retired 
and not reassigned to the new equipment. There can be no 
mistake that E-107 and E-108 are new units in this process and 
that E-102 no longer exists. 


1.2.2 Stream Information 


Referring back to Figure 1.3, it can be seen that each of the 
process streams is identified by a number in a diamond box 
located on the stream. The direction of the stream is identified 
by one or more arrowheads. The process stream numbers are 
used to identify streams on the PFD, and the type of 
information that is typically given for each stream is discussed 
in the next section. 

Also identified in Figure 1.3 are utility streams. Utilities are 
needed services that are available at the plant. Chemical plants 
are provided with a range of central utilities that include 
electricity, compressed air, cooling water, refrigerated water, 
steam, condensate return, inert gas for blanketing, chemical 
sewer, wastewater treatment, and flares. A list of the common 
services is given in Table 1.3, which also provides a guide for the 
identification of process streams. 


Table 1.3 Conventions for Identifying Process and 
Utility Streams 


Process Streams 


All conventions shown in Table 1.1 apply. 


Diamond symbol located in flow lines. 


Numerical identification (unique for that stream) inserted in diamond. 


Flow direction shown by arrows on flow lines. 


Utility Streams 

Ips Low-Pressure Steam: 3—5 barg (sat)* 

mps Medium-Pressure Steam: 10-15 barg (sat)* 
hps High-Pressure Steam: 40-50 barg (sat)* 
htm Heat Transfer Media (Organic): to 400°C 


cw Cooling Water: From Cooling Tower 30°C Returned at Less than 
45°C. 
wr River Water: From River 25°C Returned at Less than 35°C 


rw Refrigerated Water: In at 5°C Returned at Less than 15°C 


cs Chemical Wastewater with High COD 

ss Sanitary Wastewater with High BOD, etc. 

el Electric Heat (Specify 220, 440, 660V Service) 
bfw Boiler Feed Water 

ng Natural Gas 

fg Fuel Gas 


| rb Refrigerated Brine: In at -45°C Returned at Less than 0°C | 
| fo Fuel Oil | 
| | 


fw Fire Water 


*These pressures are set during the preliminary design stages and typical 
values vary within the ranges shown. 


“Above 45°C, significant scaling occurs and the usual return temperature 
is 40°C. 


Each utility is identified by the initials provided in Table 1.3. 
As an example, locate E-102 in Figure 1.3. The notation, cw, 
associated with the nonprocess stream flowing into E-102 
indicates that cooling water is used as a coolant. 

Electricity used to power motors and generators is an 
additional utility that is not identified directly on the PFD or in 
Table 1.3 but is treated separately. Most of the utilities shown 
are related to equipment that adds or removes heat within the 
process in order to control temperatures. This is common for 
most chemical processes. 

From the PFD in Figure 1.3, the identification of the process 
streams is clear. For small diagrams containing only a few 
operations, the characteristics of the streams such as 
temperatures, pressures, compositions, and flowrates can be 
shown directly on the figure, adjacent to the stream. This is not 
practical for a more complex diagram. In this case, only the 
stream number is provided on the diagram. This indexes the 
stream to information on a flow summary or stream table, 
which is often provided below the process flow diagram. In this 
text the flow summary table is provided as a separate 
attachment to the PFD. 


The stream information that is normally given in a flow 
summary table is given in Table 1.4. It is divided into two 
groups—required information and optional information—that 
may be important to specific processes. The flow summary 
table, for Figure 1.3, is given in Table 1.5 and contains all the 
required information listed in Table 1.4. 


Table 1.4 Information Provided in a Flow Summary 


Required Information 


Stream Number 

Temperature (°C) 

Pressure (bar) 

Vapor Fraction 

Total Mass Flowrate (kg/h) 
Total Mole Flowrate (kmol/h) 


Individual Component Flowrates (kmol/h) 


Optional Information 


Component Mole Fractions 


Component Mass Fractions 
Individual Component Flowrates (kg/h) 
Volumetric Flowrates (m? /h) 
Significant Physical Properties 

Density 

Viscosity 


Other 
Thermodynamic Data 
Heat Capacity 
Stream Enthalpy 

K-values 


Stream Name 


Table 1.5 Flow Summary Table for the Benzene 


Process Shown in Figure 1.3 (and Figure 1.5) 


Stream 
Number 


Temperature 
(°C) 


Pressure 


Mass Flow 
(tonne/h) 


Mole Flow 
(kmol/h) 


Component 
Flowrates 
(kmol/h) 


Hydrogen 


| Methane 
| Benzene 


Toluene 


1 2 3 
25 59 25 
1.90 25.8 25.5 
0.0 0.0 1.00 
10.0 13.3 0.82 
108.7 144.2 301.0 
0.0 0.0 286.0 
0.0 0.0 15.0 
0.0 1.0 0.0 
108.7 143.2 0.0 


4 5 6 
225 41 600 
25.2 25.5 25.0 
1.0 1.0 1.0 
20.5 6.41 20.5 
1204.4 758.8 1204.4 
735-4 449.4 735.4 
2173 302.2 317.3 
7.6 6.6 7.6 
144.0 0.7 144.0 


With information from the PFD (Figure 1.3) and the flow 
summary table (Table 1.5), problems regarding material 


balances and other problems are easily analyzed. Examples 1.2 


and 1.3 are provided to offer experience in working with 
information from the PFD. 


Example 1.2 


Check the overall material balance for the benzene 
process shown in Figure 1.3. 


Solution 


From the figure, identify the input streams as Stream 1 
(toluene feed) and Stream 3 (hydrogen feed) and the 
output streams as Stream 15 (product benzene) and 
Stream 16 (fuel gas). From the flow summary table, these 
flows are listed as (units are in (10° kg)/h): 


Stream 3 
Stream 1 


Total 


Input: Output: 
0.82 Stream 15 8.21 
10.00 Stream 16 2.61 
10.82 x 10° kg/h Total 10.82 x 10° kg/h 


25.5 


1.0 


0.36 


42.6 


25.2 
16.95 
0.37 


0.04 


23-9 


1.0 


1100.8 


651.9 
438.3 
9.55 


1.05 


24.0 


1.0 


20.9 


1247.0 


O.C 


11.( 


142 


This confirms that the overall material balance is 
achieved. 


Example 1.3 


Determine the conversion per pass of toluene to benzene 
in R-101 in Figure 1.3. 


Solution 


Conversion is defined as 


X = (benzene produced in reactor)/(total toluene fed 
to reactor) 


From the PFD, the input streams to R-101 are shown as 
Stream 6 (reactor feed) and Stream 7 (recycle gas 
quench), and the output stream is Stream 9 (reactor 
effluent stream). From the information in Table 1.5 
(units are kmol/h): 

Toluene fed to reactor = 144 (Stream 6) + 0.04 (Stream 
7) = 144.04 kmol/h 

Benzene produced in reactor = 116 (Stream 9) — 7.6 
(Stream 6) — 0.37 (Stream 7) = 108.03 kmol/h 


X = 108.03/144.04 = 0.75 


Alternatively, the following can be written: 


Moles of benzene produced in reactor = Toluene in — 
Toluene out = 144.04 — 36.00 = 108.04 kmol/h 


X = 108.04/144.04 = 0.75 


1.2.3 Equipment Information 
The final element of the PFD is the equipment summary. This summary provides the information necessary to estimate the 


purchase costs of equipment and furnish the basis for the detailed design of equipment. Table 1.6 provides the information 
needed for the equipment summary for most of the equipment encountered in fluid processes. 
Table 1.6 Equipment Descriptions for PFD and P&IDs 

Equipment Type 

Description of Equipment 

Towers 

Size (height and diameter), Pressure, Temperature 

Number and Type of Trays 

Height and Type of Packing 

Materials of Construction 

Heat Exchangers 

Type: Gas-Gas, Gas-Liquid, Liquid-Liquid, Condenser, Vaporizer 

Process: Duty, Area, Temperature, and Pressure for Both Streams 

Number of Shell and Tube Passes 

Materials of Construction: Tubes and Shell 

Tanks and Vessels 

Height, Diameter, Orientation, Pressure, Temperature, Materials of Construction 

Pumps 

Flow, Discharge Pressure, Temperature, AP, Driver Type, Shaft Power, Materials of Construction 
Compressors 


Actual Inlet Flowrate, Temperature, Pressure Inlet and Outlet, Driver Type, Shaft Power, Materials of Construction 

Heaters (Fired) 

Type, Tube Pressure, Tube Temperature, Duty, Fuel, Material of Construction 

Other 

Provide Critical Information 

The information presented in Table 1.6 is used in preparing the equipment summary portion of the PFD for the benzene process. 
The equipment summary for the benzene process is presented in Table 1.7, and details of how to estimate and choose various 
equipment parameters are discussed in Chapter 11. 

Table 1.7 Equipment Summary for Toluene Hydrodealkylation PFD 


Heat Exchangers E-101 E-102 E-103 E-104 E-105 E-106 
Type FLH. FLH. MDP FLH. MDP FLH. 
Area (mô) 36 763 11 35 12 80 
Duty (MJ/h) 15,190 46,660 1055 8335 1085 9045 
Shell 
Temp. (°C) 225 654 160 112 112 185 
Pres. (bar) 26 24 6 3 3 11 
Phase Vap. Par. Cond. Cond. Cond. l Cond. 
MOC 316SS 316SS CS CS CS CS 
Tube 
Temp. (°C) 258 40 90 40 40 147 
Pres. (bar) 42 3 3 3 3 3 
Phase Cond. l 1 l l Vap. 
MOC 316SS 316SS CS CS CS CS 
Vessels/Tower/Reactors V-101 V-102 V-103 V-104 T-101 R-101 
Temperature (°C) 55 38 38 112 147 660 
Pressure (bar) 2.0 24 3.0 2.5 3.0 25 
Orientation Horizontal Vertical Vertical Horizontal Vertical Vertical 
MOC CS CS CS CS CS 316SS 
Size 
Height/Length (m) 5.9 3.5 3.5 3.9 29 14.2 
Diameter (m) 1.9 1.1 1.1 1.3 1.5 2.3 
end ap: op: 42 sieve trays Catalyst packed 
316SS bed-10m 
Pumps/Compressors P-101 (A/B) P-102 (A/B) C-101 (A/B) Heater H-101 
Flow (kg/h) 13,000 22,700 6770 Type Fired 
Fluid Density (kg/m?) 870 880 8.02 MOC 316SS 
Duty 
Power (shaft) (kW) 14.2 3.2 49.1 (Mi/h) 27,040 
Type/Drive Recip./Electric  Centrf./ElectricCentrf./ElectricRadiant Area (m7) 106.8 
Eee ee ae 0.50 0.75 Convective Area (m?) 320.2 
Power) 
Pumps/Compressors P-101 (A/B) P-102 (A/B) C-101 (A/B) Heater H-101 
MOC CS CS cs piel 26.0 
(bar) 
Temp. (in) (°C) 55 112 38 
Pres. (in) (bar) 1.2 2.2 23.9 
Pres. (out) (bar) 27.0 4.4 25.5 
Key: 
Materials of 
construction 
MOC Stainless steel type Par Partial 
316SS 316 F.H. Fixed head 


CS Carbon steel FLH. Floating head 


Vap Stream being Rbl Reboiler 


Cond vaporized S.p. Splash plate 

Recipr. Stream being 1 Liquid 

Centrf. condensed MDP Multiple double pipe 
Reciprocating 
Centrifugal 


1.2.4 Combining Topology, Stream Data, and Control Strategy to Give a PFD 
Up to this point, the amount of process information displayed on the PFD has been kept to a minimum. A more representative 


example of a PFD for the benzene process is shown in Figure 1.5. This diagram includes all of the elements found in Figure 1.3, 


some of the information found in Table 1.5, plus additional information on the major control loops used in the process. 
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Figure 1.5 Benzene Process Flow Diagram (PFD) for the Production of Benzene via the Hydrodealkylation of Toluene 

Stream information may be added to the diagram by attaching “information flags.” The shape of the flags indicates the specific 
information provided on the flag. Figure 1.6 illustrates all the flags used in this text. These information flags play a dual role. 
They provide information needed in the plant design leading to plant construction and in the analysis of operating problems 
during the life of the plant. Flags are mounted on a staff connected to the appropriate process stream. More than one flag may be 
mounted on a staff. Example 1.4 illustrates the different information displayed on the PFD. 
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Figure 1.6 Symbols for Stream Identification 
Example 1.4 
Locate Stream 1 in Figure 1.5 and note that immediately following the stream identification diamond a staff is affixed. This staff 
carries three flags containing the following stream data: 
Temperature of 25°C 
Pressure of 1.9 bar 
Mass flowrate of 10.0 x 10° kg/h 
The units for each process variable are indicated in the key provided at the left-hand side of Figure 1.5. 
With the addition of the process control loops and the information flags, the PFD starts to become cluttered. Therefore, in order 
to preserve clarity, it is necessary to limit what data are presented with these information flags. Fortunately, flags on a PFD are 


easy to add, remove, and change, and even temporary flags may be provided from time to time. 

The information provided on the flags is also included in the flow summary table. However, often it is far more convenient 
when analyzing the PFD to have certain data directly on the diagram. 

Not all process information is of equal importance. General guidelines for what data should be included in information flags on 
the PFD are difficult to define. However, at a minimum, information critical to the safety and operation of the plant should be 
given. This includes temperatures and pressures associated with the reactor, flowrates of feed and product streams, and stream 
pressures and temperatures that are substantially higher than the rest of the process. Additional needs are process specific. 
Examples 1.5-1.7 illustrate where and why information should be included directly on a PFD. 

Example 1.5 

Acrylic acid is temperature sensitive and polymerizes at 90°C when present in high concentration. It is separated by distillation 
and leaves from the bottom of the tower. In this case, a temperature and pressure flag would be provided for the stream leaving 
the reboiler. 

Example 1.6 

In the benzene process, Figure 1.5, the feed to the reactor is substantially hotter than to the rest of the equipment and is crucial to 
the operation of the process. In addition, the reaction is exothermic, and the reactor effluent temperature must be carefully 
monitored. For this reason Stream 6 (entering) and Stream 9 (leaving) have temperature flags. 

Example 1.7 

The pressures of the streams to and from R-101 in the benzene process are also important. The difference in pressure between 
the two streams gives the pressure drop across the reactor. This, in turn, gives an indication of any maldistribution of gas 
through the catalyst beds. For this reason, pressure flags are also included on Streams 6 and 9 in Figure 1.5. 

Of secondary importance is the fact that flags are useful in reducing the size of the flow summary table. For pumps, 
compressors, and heat exchangers, the mass flows are the same for the input and output streams, and complete entries in the 
stream table are not necessary. If the input (or output) stream is included in the stream table, and a flag is added to provide the 
temperature (in the case of a heat exchanger) or the pressure (in the case of a pump) for the exit stream, then there is no need to 
present this stream in the flow summary table. Example 1.8 illustrates this point. 

Example 1.8 

Follow Stream 13 leaving the top of the benzene column in the benzene PFD given in Figure 1.5 and in Table 1.5. This stream 
passes through the benzene condenser, E-104, into the reflux drum, V-104. The majority of this stream then flows into the reflux 
pump, P-102, and leaves as Stream 14, while the remaining noncondensables leave the reflux drum in Stream 19. The mass 
flowrate and component flowrates of all these streams are given in Table 1.5. The stream leaving E-104 is not included in the 
stream table. Instead, a flag giving the temperature (112°C) is provided on the diagram (indicating condensation without 
subcooling). An additional flag, showing the pressure following the pump, is also shown. In this case the entry for Stream 14 
could be omitted from the stream table, because it is simply the sum of Streams 12 and 15, and no information would be lost. 
More information could be included in Figure 1.5 had space for the diagram not been limited by text format. It is most important 
that the PFD remain uncluttered and easy to follow in order to avoid errors and misunderstandings. Adding additional material 
to Figure 1.5 risks sacrificing clarity. 

The flow table presented in Table 1.5, the equipment summary presented in Table 1.7, and Figure 1.5 taken together constitute 
all the information contained on a commercially produced PFD. 

The PFD is the first comprehensive diagram drawn for any new plant or process. It provides all of the information needed to 
understand the chemical process. In addition, sufficient information is given on the equipment, energy, and material balances to 
establish process control protocol and to prepare cost estimates to determine the economic viability of the process. 

Many additional drawings are needed to build the plant. However, all the process information required can be taken from this 
PFD. As described in the narrative at the beginning of this chapter, the development of the PFD is most often carried out by the 
operating company. Subsequent activities in the design of the plant are often contracted out. 

The value of the PFD does not end with the construction of the plant. It remains the document that best describes the process, 
and it is used in the training of operators and new engineers. It is consulted regularly to diagnose operating problems that arise 
and to predict the effects of changes on the process. Finally as changes are made to the process the PFD is updated to reflect the 
current operating conditions and process performance. 

1.3 PIPING AND INSTRUMENTATION DIAGRAM (P&ID) 

The piping and instrumentation diagram (P&ID), also known as the mechanical flow diagram (MFD), provides information 
needed by engineers to begin planning for the construction of the plant. The P&ID includes every mechanical aspect of the plant 
except the information given in Table 1.8. The general conventions used in drawing P&IDs are given in Table 1.9. 

Table 1.8 Exclusions from Piping and Instrumentation Diagram 

Operating Conditions 7, P 


Stream Flows 

Equipment Locations 

Pipe Routing 

Pipe Lengths 

Pipe Fittings (elbows, tee, etc., are not shown but valves and instrument connections above a certain minimum size are normally 
shown) 

Supports, Structures, and Foundations 

Table 1.9 Conventions in Constructing Piping and Instrumentation Diagrams 

For Equipment—Show Every Piece Including 

Spare Units 

Parallel Units 

Summary Details of Each Unit 

For Piping—Include All Lines Including Drains and Sample Connections, and Specify 

Size (Use Standard Sizes) 

Schedule (Thickness) 

Materials of Construction 

Insulation (Thickness and Type) 

For Instruments—Identify 

Indicators 

Recorders 

Controllers 

Show Instrument Lines 

For Utilities—Identify 

Entrance Utilities 

Exit Utilities 

Exit to Waste Treatment Facilities 

Each PFD will require many P&IDs to display all the necessary data. Figure 1.7 is a representative P&ID for the distillation 
section of the benzene process shown in Figure 1.5. The P&ID presented in Figure 1.7 provides information on the piping, and 
this is included as part of the diagram. As an alternative, each pipe can be numbered, and the specifics of every pipe/line can be 
provided in a separate table accompanying this diagram. When possible, the physical size of the larger-sized equipment is 
reflected by the size of the symbol in the diagram. 
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Figure 1.7 Piping and Instrumentation Diagram for Benzene Distillation (adapted from Kauffman, D., Flow Sheets and 
Diagrams, AIChE Modular Instruction, Series G: Design of Equipment, series editor J. Beckman, AIChE, New York, 1986, vol. 
1, Chapter G.1.5, AIChE copyright © 1986 AIChE, all rights reserved) 

Utility connections are identified by a numbered box in the P&ID. The number within the box identifies the specific utility. The 
key identifying the utility connections is shown in a table on the P&ID. 

All process information that can be measured in the plant is shown on the P&ID by circular flags. This includes the information 
to be recorded and used in process control loops. The circular flags on the diagram indicate where the information is obtained in 
the process and identify the measurements taken and how the information is used. Table 1.10 summarizes the conventions used 
to identify information related to instrumentation and control. Example 1.9 illustrates the interpretation of instrumentation and 
control symbols. 

Table 1.10 Conventions Used for Identifying Instrumentation on P&IDs (ISA standard ISA-S5-1, [4]) 

Location of Instrumentation 


(instrument Located in Plant 
(instrument Located on Front of Panel in Control Room 


(....)nstrument Located on Back of Panel in Control Room 


Meanings of Identification Letters KY 
First Letter (X) Second or Third Letter (Y) 


A Analysis Alarm 
pg Burner Flame 


C Conductivity Control 
D Density or Specific Gravity 
E Voltage Element 


F Flowrate 
H Hand (Manually Initiated) High 


I Current Indicate 

J Power 

K Time or Time Schedule Control Station 

L Level Light or Low 

M Moisture or Humidity Middle or Intermediate 
O Orifice 

P Pressure or Vacuum Point 


Q Quantity or Event 


R Radioactivity or Ratio Record or print 

S Speed or Frequency Switch 

T Temperature Transmit 

V Viscosity Valve, Damper, or Louver 
WWeight Well 

Y Relay or Compute 

Z Position Drive 


Identification of Instrument Connections 

Capillary 
SH~/————__ Pneumatic 

Electrical 
Example 1.9 
Consider the benzene product line leaving the right-hand side of the P&ID in Figure 1.7. The flowrate of this stream is 
controlled by a control valve that receives a signal from a level measuring element placed on V-104. The sequence of 
instrumentation is as follows: A level sensing element (LE) is located on the reflux drum V-104. A level transmitter (LT) also 
located on V-104 sends an electrical signal (designated by a dashed line) to a level indicator and controller (LIC). This LIC is 
located in the control room on the control panel or console (as indicated by the horizontal line under LIC) and can be observed 
by the operators. From the LIC, an electrical signal is sent to an instrument (LY) that computes the correct valve position and in 
turn sends a pneumatic signal (designated by a solid line with cross hatching) to activate the control valve (LCV). In order to 
warn operators of potential problems, two alarms are placed in the control room. These are a high-level alarm (LAH) and a low- 
level alarm (LAL), and they receive the same signal from the level transmitter as does the controller. 
This control loop is also indicated on the PFD of Figure 1.5. However, the details of all the instrumentation are condensed into a 
single symbol (LIC), which adequately describes the essential process control function being performed. The control action that 
takes place is not described explicitly in either drawing. However, it is a simple matter to infer that if there is an increase in the 
level of liquid in V-104, the control valve will open slightly and the flow of benzene product will increase, tending to lower the 
level in V-104. For a decrease in the level of liquid, the valve will close slightly. 
The details of the other control loops in Figures 1.5 and 1.7 are left to problems at the end of this chapter. It is worth mentioning 


that in virtually all cases of process control in chemical processes, the final control element is a valve. Thus, all control logic is 
based on the effect that a change in a given flowrate has on a given variable. The key to understanding the control logic is to 
identify which flowrate is being manipulated to control a given variable. Once this has been done, it is a relatively simple matter 
to see in which direction the valve should change in order to make the desired change in the control variable. The response time 
of the system and type of control action used—for example, proportional, integral, or differential—are left to the instrument 
engineers and are given in a typical process control course but are not covered in this text. 

The final control element in nearly all chemical process control loops is a valve. 

The generation of the final P&ID is one of the last stages of the design process and this diagram serves as a guide for those who 
will be responsible for the final design and construction. Based on this diagram, 

Mechanical engineers and civil engineers will design and install the various pieces of process equipment. 

Instrument engineers will specify, install, and check control systems. 

Piping engineers will develop plant layout, piping isometrics, and elevation drawings. 

Project engineers will develop plant and construction schedules. 

Before final acceptance, the P&IDs serve as a checklist in the construction phase against which each item in the plant is 
checked. 

The P&ID is also used to train operators. Once the plant is built and is operational, there are limits to what operators can do. 


About all that can be done to correct or alter performance of the plant is to open, close, or change the position of a valve. Part of 
the training would pose situations and require the operators to be able to describe what specific valve should be changed, how it 
should be changed, and what to observe in order to monitor the effects of the change. Plant simulators (similar to flight 
simulators) are often used in operator training. These programs are sophisticated, real-time process simulators that show a 
trainee operator how quickly changes in controlled variables propagate through the process. It is also possible for such programs 
to display scenarios of process upsets so that operators can receive training in recognizing and correcting such situations. These 
types of programs are very useful and cost-effective in initial operator training. However, the use of P&IDs is still very 
important in this regard. 

The P&ID is particularly important for the development of start-up procedures when the plant is not under the influence of the 
installed process control systems. An example of a start-up procedure is given in Example 1.10. 

Example 1.10 

Consider the start-up of the distillation column shown in Figure 1.7. What sequence would be followed? 

Solution 

The procedure is beyond the scope of this text, but it would be developed from a series of questions such as 

What valve should be opened first? 

What should be done when the temperature of...reaches...? 

To what value should the controller be set? 

When can the system be put on automatic control? 

These last three sections have followed the development of a process from a simple BFD through the PFD and finally to the 
P&ID. Each step showed additional information. This can be seen by following the progress of the distillation unit as it moves 
through the three diagrams described. 

Block Flow Diagram (BFD) (see Figure 1.1): The column was shown as a part of one of the three process blocks. 

Process Flow Diagram (PFD) (see Figure 1.5): The column was shown as the following set of individual equipment: a tower, 
condenser, reflux drum, reboiler, reflux pumps, and associated process controls. 

Piping and Instrumentation Diagram (P&ID) (see Figure 1.7): The column was shown as a comprehensive diagram that 
includes additional details such as pipe sizes, utility streams, sample taps, numerous indicators, and so on. It is the only unit 
operation on the diagram. 

The value of these diagrams does not end with the start-up of the plant. The design values on the diagram are changed to 
represent the actual values determined under normal operating conditions. These conditions form a “base case” and are used to 


compare operations throughout the life of the plant. 
1.4 ADDITIONAL DIAGRAMS 
During the planning and construction phases of a new project, many additional diagrams are needed. Although these diagrams 


do not possess additional process information, they are essential to the successful completion of the project. Computers are 
being used more and more to do the tedious work associated with all of these drawing details. The creative work occurs through 
the development of the concepts provided in the BFD and the process development required to produce the PFD. The computer 
can help with the drawings but cannot create a new process. Computers are valuable in many aspects of the design process 
where the size of equipment to do a specific task is to be determined. Computers are also used when considering performance 
problems that deal with the operation of existing equipment. However, steady-state simulations are limited when dealing with 
diagnostic problems that are required throughout the life of the plant and operational experience is important in diagnosing 
problems within the process. 

The diagrams presented here are in both American Engineering and SI units. The most noticeable exception is in the sizing of 
piping, where pipes are specified in inches and pipe schedule. This remains the way they are produced and purchased in the 
United States. A process engineer today must be comfortable with SI, conventional metric, and American (formerly British, who 
now use SI exclusively) Engineering units. 

These additional diagrams are discussed briefly below. 

A utility flowsheet may be provided that shows all the headers for utility inputs and outputs available along with the 
connections needed to the process. It provides information on the flows and characteristics of the utilities used by the plant. In 
particular, it is common to perform utility balances (steam balance, cooling water balance, etc.) in order to check the total 
utilities required and to ensure that the design of the facilities to produce the utilities are sized correctly. 

Vessel sketches, logic ladder diagrams, wiring diagrams, site plans, structural support diagrams, and many other drawings 
are routinely used but add little to our understanding of the basic chemical processes that take place. 

Additional drawings are necessary to locate all of the equipment in the plant. Plot plans and elevation diagrams are provided 
that locate the placement and elevation of all of the major pieces of equipment such as towers, vessels, pumps, heat exchangers, 
and so on. When constructing these drawings, it is necessary to consider and provide for access for repairing equipment, 


removing tube bundles from heat exchangers, replacement of units, and so on. What remains to be shown is the addition of the 
structural support and piping. 

Piping isometrics are drawn for every piece of pipe required in the plant. These drawings are 3-D sketches of the pipe run, 
indicating the elevations and orientation of each section of pipe. An example of a piping isometric for the liquid return line from 
V-104 to T-101 is illustrated in Figure 1.8. Note that the drawing has all the information needed to estimate the frictional losses 
in the pipe at a given flowrate (see Chapter 19). In addition, there is enough information for a piping engineer/technician to 
construct and route the pipe through the plant. In the past, it was also common to build a scale model (prior to 1980) for 
comprehensive plants so the process could be viewed in three dimensions and modified to remove any potential problems. Over 
the past thirty or more years, scale models have been replaced by three-dimensional computer aided design (CAD) programs 
that are capable of representing the plant as-built in three dimensions. They provide an opportunity to view the local equipment 
topology from any angle at any location inside the plant. One can actually “walk through” the plant and preview what will be 
seen when the plant is built. The ability to “view” the plant before construction is made even more realistic with the 
development and implementation of virtual reality software. With this relatively new tool, it is possible for an avatar operated 
by an engineer to not only to walk through the plant but also to “touch” the equipment, turn valves, “climb” to the top of 
distillation columns, and so on. In the next section, the information needed to complete a preliminary plant layout design is 
reviewed, and the logic used to locate the process units in the plant and how the elevations of different equipment are 
determined are briefly explained. 
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Figure 1.8 Piping Isometric for the Liquid Line from the Overhead Reflux Drum (V-104) to the Distillation Tower (T-101) 
1.5 THREE-DIMENSIONAL REPRESENTATION OF A PROCESS 
As mentioned earlier, the major products of design work, both chemical and mechanical, are recorded on two-dimensional 


diagrams (PFD, P&ID, etc.). However, when it comes to the construction of the plant, there are many issues that require a three- 
dimensional representation of the process. For example, the location of shell-and-tube exchangers must allow for tube bundle 
removal for cleaning and repair. Locations of pumps must allow for access for maintenance and replacement. For compressors, 
this access may also require that a crane be able to remove and replace a damaged drive. Control valves must be located at 
elevations that allow operator access. Sample ports and instrumentation must also be located conveniently. For anyone who has 
toured a moderate-to-large chemical facility, the complexity of the piping and equipment layout is immediately apparent. Even 
for experienced engineers, the review of equipment and piping topology is far easier to accomplish in 3-D than 2-D. Due to the 
rapid increase in computer power and advanced software, such representations are now done routinely using the computer. In 


order to “build” an electronic representation of the plant in 3-D, all the information in the previously mentioned diagrams must 
be accessed and synthesized. This in itself is a daunting task, and a complete accounting of this process is well beyond the scope 
of this text. However, in order to give the reader a flavor of what can now be accomplished using such software, a brief review 
of the principles of plant layout design will be given. A more detailed account involving a virtual plant tour of the dimethyl 
ether (DME) plant (Appendix B.1) can be found on the website. 

For a complete, detailed analysis of the plant layout, all equipment sizes, piping sizes, PFDs, P&IDs, and all other information 
should be known. However, for this description, a preliminary plant layout based on information given in the PFD for the DME 
process (Figure B.1.1) in Appendix B is considered. Using this figure and the accompanying stream tables and equipment 
summary table (Tables B.1.1 and B.1.3), the following steps are followed: 


The PFD is divided into logical subsystems. For the DME process, there are three logical subsections, namely, the feed and 
reactor section, the DME purification section, and the methanol separation and recycle section. These sections are shown as 
dotted lines on Figure 1.9. 


P-201A/B V-201 E-201 R-201 E-202 E-203 T-201 E-204 E-205 V-202 P-202A/8 E-206 T-202 E-207 V-203 P-203A/B E-208 
Feed Pump Feed Methanol Reactor Reactor DME DME DME DME DME DMEReflux Methanol Methanol Methanol Methanol Methanol Wastewater 
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Figure 1.9 Subsystems for Preliminary Plan Layout for DME Process 

For each subsystem, a preliminary plot plan is created. The topology of the plot plan depends on many factors, the most 
important of which are discussed below. 

In general, the layout of the plot plan can take one of two basic configurations: the grade-level, horizontal, in-line arrangement 
and the structure-mounted vertical arrangement [5]. The grade-level, horizontal, in-line arrangement will be used for the DME 
facility. In this arrangement, the process equipment units are aligned on either side of a pipe rack that runs through the middle of 
the process unit. The purpose of the pipe rack is to carry piping for utilities, product, and feed to and from the process unit. 
Equipment is located on either side of the pipe rack, which allows for easy access. In addition, vertical mounting of equipment 
is usually limited to a single level. This arrangement generally requires a larger “footprint” and, hence, more land than does the 
structure-mounted vertical arrangement. The general arrangement for these layout types is shown in Figure 1.10. 
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Figure 1.10 Different Types of Plant Layout: (a) Grade-Mounted, Horizontal, In-line Arrangement, and (b) Structure-Mounted 


Vertical Arrangement (Source: Process Plant Layout and Piping Design, by E. Bausbacher and R. Hunt, © 1994, reprinted by 
permission of Pearson Education, Inc., Upper Saddle River, NJ) 


The minimum spacing between equipment should be set early on in the design. These distances are set for safety purposes and 
should be set with both local and national codes in mind. A comprehensive list of the recommended minimum distances 


between process equipment is given by Bausbacher and Hunt [5]. The values for some basic process equipment are listed in 
Table 1.11. 


Table 1.11 Recommended Minimum Spacing (in Feet) between Process Equipment for Refinery, Chemical, and 
Petrochemical Plants 


Pumps Compressors Reactors Towers and Vessels Exchangers 


Pumps M 25 M M M 


Compressors M 30 M M 
Reactors M 15 M 
Towers M M 
Exchangers M 


M = minimum for maintenance access 

Source: Process Plant Layout and Piping Design, by E. Bausbacher and R. Hunt, © 1994, reprinted by permission of Pearson 
Education, Inc., Upper Saddle River, NJ 

The sizing of process equipment should be completed and the approximate location on the plot plan determined. Referring to 
Table B.1.3 for equipment specifications gives some idea of key equipment sizes. For example, the data given for the reflux 
drums V-202 and V-203, reactor R-201, and towers T-201 and T-202 are sufficient to sketch these units on the plot plan. 
However, pump sizes must be obtained from vendors or previous jobs, and additional calculations for heat exchangers must be 
done to estimate their required footprint on the plot plan. Calculations to illustrate the estimation of equipment footprints are 
given in Example 1.11. 

Example 1.11 

Estimate the footprint for E-202 in the DME process. 

From Table B.1.3 the following information can be found: 

Floating-Head Shell-and-Tube design 

Area = 171 m? 

Hot Side—Temperatures: in at 364°C and out at 281°C 

Cold Side—Temperatures: in at 154°C and out at 250°C 

Choose a two-shell pass and four-tube pass exchanger 

Area per shell = 171/2 = 85.5 m? 

Using 12 ft, 1-in OD tubes, 293 tubes per shell are needed 

Assuming the tubes are laid out on a ’4-in square pitch, a 27-in ID shell is required, see Table 20.6. 

Assume that the front and rear heads (where the tube fluid turns at the end of the exchanger) are 30-in in diameter and require 2 
ft of length each (including flanges), and that the two shells are stacked on top of each other. The footprint of the exchanger is 


given in Figure El.11. 
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Figure E1.11 Approximate Dimensions and Footprint of Exchanger E-202 


Estimates of major process pipe sizes are made. In order to estimate these pipe sizes, it is necessary to use some heuristics. A 
heuristic is a simple algorithm or hint that allows an approximate answer to be calculated. The preliminary design of a piece of 
equipment might well use many such heuristics, and some of these might conflict with each other. Like any simplifying 
procedure, the result from a heuristic must be reviewed carefully. For preliminary purposes, the heuristics from Chapter 11 can 
be used to estimate approximate pipe sizes. Example 1.12 illustrates the heuristic for calculating pipe size. 

Example 1.12 

Consider the suction line to P-202 A/B; what should the pipe diameter be? 

Solution 

From Table 11.8, 1(b) for liquid pump suction, the recommended liquid velocity and pipe diameter are related by u = (1.3 + D 
(in)/6) ft/s. 

From Table B.1.1, the mass flowrate of the stream entering P-202, 

m= Stream 16 + Stream 10 = 2170 + 5970 = 8140 kg/h and the density is found to be 800 kg/m?. 

The volumetric flowrate is 8140/800 = 10.2 m*/h = 0.00283 m°/s = 0.0998 ft*/s. 

The procedure is to calculate the velocity in the suction line and compare it to the heuristic. Using this approach, Table E1.12 is 
constructed: 

Table E1.12 Actual Velocities and Velocities from Heuristic for the Suction Line to P-202 A/B 

Nominal Pipe Diameter (inch) Velocity (ft/s) = Vol Flow/Flow AreaVelocity (ft/s) from u = (1.3 + D/6) 


1.0 18.30 1.47 
1.5 8.13 1.55 
2.0 4.58 1.63 
3.0 2.03 1.80 
4.0 1.14 1.97 


The data in Table E1.12 are plotted in Figure E1.12 and show that the pipe diameter satisfying both the heuristic and the 


continuity equation lies between 3 and 4 inches. Taking a conservative estimate, a 4-in suction line is chosen for P-202. 
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Figure E1.12 Suction Line Velocity and Velocity Using Heuristic as a Function of Nominal Pipe Diameter 
Placement of equipment within the plot plan. Equipment placement must be made considering the required access for 
maintenance of the equipment and also the initial installation. Although this step may seem elementary, there are many cases [5] 
where the incorrect placement of equipment subsequently led to considerable cost overruns and major problems both during the 
construction of the plant and during maintenance operations. Consider the example shown in Figure |.11(a), where a vessel, two 
towers, and a heat exchanger are shown in the plot plan. Clearly, T-901 blocks the access to the exchanger’s tube bundle, which 
often requires removal to change leaking tubes or to remove scale on the outside of the tubes. With this arrangement, the 
exchanger would have to be lifted up vertically and placed somewhere where there was enough clearance so that the tube bundle 
could be removed. However, vessel, V-903, and tower T-902 are located such that crane access is severely limited and a very 
tall (and expensive) crane would be required. The relocation of these same pieces of equipment, as shown in Figure |.11(b), 


alleviates both these problems. There are too many considerations of this type to cover in detail in this text, and the reader is 
referred to Bausbacher and Hunt [5] for more in-depth coverage of these types of problems. Considering the DME facility, a 
possible arrangement for the feed and reactor subsection is shown in Figure 1.12. 
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Figure 1.11 The Effect of Equipment Location on the Ease of Access for Maintenance, Installation, and Removal 
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Figure 1.12 Possible Equipment Arrangement for the Reactor and Feed Section of DME Facility, Unit 200 

The elevation of all major equipment is established. In general, equipment located at grade (ground) level is easier to access and 
maintain and is cheaper to install. However, there are circumstances that dictate that equipment be elevated in order to provide 
acceptable operation. For example, the bottoms product of a distillation column is a liquid at its bubble point. If this liquid is fed 
to a pump, then, as the pressure drops in the suction line due to friction, the liquid boils and causes the pumps to cavitate. To 
alleviate this problem, it is necessary to elevate the bottom of the column relative to the pump inlet, in order to increase the Net 
Positive Suction Head Available (for more detail about NPSH, see Chapter 19). This can be done by digging a pit below grade 
for the pump or by elevating the tower. Pump pits have a tendency to accumulate denser-than-air gases, and maintenance of 
equipment in such pits is dangerous due to the possibility of suffocation and poisoning (if the gas is toxic). For this reason, 
towers are generally elevated between 3 and 5 m (10 and 15 ft) above ground level by using a “skirt.” This is illustrated in 
Figure 1.13. Another reason for elevating a distillation column is also illustrated in Figure 1.13. Often a thermosiphon reboiler is 
used. These reboilers use the difference in density between the liquid fed to the reboiler and the two-phase mixture (saturated 
liquid-vapor) that leaves the reboiler to “drive” the circulation of bottoms liquid through the reboiler. In order to obtain an 


acceptable driving force for this circulation, the static head of the liquid must be substantial, and a 3—5 m height differential 
between the liquid level in the column and the liquid inlet to the reboiler is typically sufficient. Examples showing when 
equipment elevation is required are given in Table 1.12. 
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Figure 1.13 Sketch Illustrating Reasons for Elevating Distilling Column 
Table 1.12 Reasons for Elevating Equipment 

Equipment to Be 
Elevated 


Reason for Elevation 


When the NPSH available (VPSH,) is too low to avoid cavitation in the discharge pump, equipment must 

Columns or vessels 
be elevated. 

Columns To provide driving head for thermosiphon reboilers. 

Any equipment 

containing suspended To provide gravity flow of liquids containing solids that avoids the use of problematic slurry pumps. 

solids or slurries 

; This equipment is used to produce vacuum by expanding high-pressure steam through an ejector. The 

Contact barometric : : i ta 

NSA condensables in the vapor are removed by direct contact with a cold-water spray. The tail pipe of such a 
condenser is sealed with a 34-foot leg of water. 

Critical fire-water In some instances, flow of water is absolutely critical, for example, in firefighting or critical cooling 

tank (or cooling water operations. The main water supply tank for these operations may be elevated to provide enough water 

holding tank) pressure to eliminate the need for feed pumps. 

Major process and utility piping are sketched in. The final step in this preliminary plant layout is to sketch in where the major 

process (and utility) pipes (lines) go. Again, there are no set rules to do this. However, the most direct route between equipment 

that avoids clashes with other equipment and piping is usually desirable. It should be noted that utility lines originate and 

usually terminate in headers located on the pipe rack. When process piping must be run from one side of the process to another, 

it may be convenient to run the pipe on the pipe rack. All control valves, sampling ports, and major instrumentation must be 

located conveniently for the operators. This usually means that they should be located close to grade or on a steel access 


platform. This is also true for equipment isolation valves. 
1.6 THE 3-D PLANT MODEL 
The best way to see how all the above elements fit together is to view the Virtual Plant Tour AVI file on the website for this 


book. The quality and level of detail that 3-D software is capable of giving depend on the system used and the level of detailed 
engineering that is used to produce the model. Figures 1.14-1.16 were generated for the DME facility using the PDMS software 
package from Cadcentre, Inc. (These figures and the Virtual_Plant_Tour.AVI file are presented here with permission of 
Cadcentre, Inc.) In Figure 1.14, an isometric view of the DME facility is shown. All major process equipment, major process 
and utility piping, and basic steel structures are shown. The pipe rack is shown running through the center of the process, and 


steel platforms are shown where support of elevated process equipment is required. The distillation sections are shown to the 
rear of the figure on the far side of the pipe rack. The reactor and feed section is shown on the near side of the pipe rack. The 
elevation of the process equipment is better illustrated in Figure 1.15, where the piping and structural steel have been removed. 
The only elevated equipment apparent from this figure are the overhead condensers and reflux drums for the distillation 
columns. The overhead condensers are located vertically above their respective reflux drums to allow for the gravity flow of 
condensate from the exchangers to the drums. Figure 1.16 shows the arrangement of process equipment and piping for the feed 
and reactor sections. The layout of equipment corresponds to that shown in Figure 1.12. It should be noted that the control valve 
on the discharge of the methanol feed pumps is located close to grade level for easy access. 
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Figure 1.14 Isometric View of Preliminary 3-D Plant Layout Model for DME Process (Reproduced by Permission of 
Cadcentre, an Aveva Group Company, from their Vantage/PDMS Software) 


Figure 1.15 3-D Representation of Preliminary Equipment Layout for the DME Process (Reproduced by Permission of 
Cadcentre, an Aveva Group Company, from their Vantage/PDMS Software) 
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Figure 1.16 3-D Representation of the Reactor and Feed Sections of the DME Process Model (Reproduced by Permission of 
Cadcentre, an Aveva Group Company, from their Vantage/PDMS Software) 

1.7 OPERATOR AND 3-D IMMERSIVE TRAINING SIMULATORS 

1.7.1 Operator Training Simulators (OTS) 

Up to this point in the chapter, the different elements and diagrams used in the specification and description of a process have 
been covered. The means by which the material balances, energy balances, and design calculations for the various unit 
operations, required to specify all the design conditions, have been carried out has not been covered. Indeed, the simulation of 
chemical processes using programs such as CHEMCAD, Aspen Plus, PRO/II, HYSIS, and others is not addressed until much 
later, in . Nevertheless, it should be clear that extensive simulation of the process will be required to determine and to 
specify all of the conditions needed in the design. Typically, these simulations are carried out under steady-state conditions and 
represent a single design operating point, although simulations for several different operating points might also be made. The 


steady-state simulation of the process is clearly very important from the standpoint of defining the design conditions and 
specifying the equipment parameters, such as vessel sizes, heat-exchanger areas and duties, pipe sizes, and so on. However, 
once the plant has been built, started up, and commissioned, it is rare that the process will operate at that design condition for 
any given period of time. Moreover, how the process can be started up or run at, for example, 65% or 110% of design capacity 
is not evident from the original design. Nevertheless, the plant will be run at off-design conditions throughout its life. In order to 
help operators and engineers understand how to start up and shut down the process, deal with emergencies, or operate at off- 
design conditions, an operator training simulator (OTS) may be built. 

The foundation of an OTS is a dynamic simulation (model) of the process to which a human machine interface (HMI) is 
connected. The HMI, in its simplest form, is a pictorial representation of the process that communicates with the dynamic 
model, and through it, process variables are displayed. The HMI also displays all the controls for the process; an operator can 
control the process by changing these controls. An example of an HMI is shown in Figure 1.17. This particular example shows a 
portion of an acid-gas recovery (AGR) unit for an OTS developed by the Department of Energy to simulate an IGCC (Integrated 
Gasification Combined Cycle) coal-fed power plant. Process variables calculated by the dynamic model are displayed in boxes 
throughout the HMI. Operators can monitor the change in these variables with time just as they would in a control room 
situation. The only difference is that the process is simulated rather than actually operating. In general terms, the OTS functions 
for an operator just as a flight simulator does for a pilot or astronaut. Therefore, operators and engineers can gain operational 
experience and understanding about a process or plant through the OTS but with the added benefit that any mistakes or errors 
can be identified and corrected during training sessions without exposing personnel to any risks that might occur if training were 
to be done on the actual plant. 
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Figure 1.17 Eeamples! of an HMI Interface for an OTS (Reproduced by Permission of the DOE’s National Energy Technical 
Laboratory and Invensys Systems Inc., Property and Copyright of Invensys plc, UK) 

The starting point for developing an OTS is the steady-state simulation, the equipment information, and instrumentation and 
control data. In general, the P&IDs are used as the starting point for the generation of the HMIs since they contain all the 
necessary information for the controls and instrumentation. The dynamic model is developed so that the steady-state design 
condition will be simulated when all the inputs (feeds) are at their design values. Details of how dynamic simulators are used in 
process design are included in Chapter 17. Needless to say, the development of a fully functioning dynamic model for a process 


that accurately reflects all the controls and valves in the process is a substantial task that takes a team of engineers many months 


to accomplish. 
1.7.2 3-D Immersive Training Simulators (ITS) 
In , the concept of a 3-D plant model was introduced. Such models are “constructed” with specialized software using 


precise design data on the size, location and elevation (x-, y-, and z-coordinates), and orientation of each piece of equipment. In 
addition, the piping arrangement and location of valves, nozzles, instruments, sample ports, drains, and so forth are all specified. 
Such a representation allows the engineer and operator to evaluate the accessibility of critical process components and to obtain 
a feel for how the plant will look (and operate) when constructed. The engineer may access this information through either a 2- 
D viewer or a 3-D virtual environment (for example, using 3-D goggles). However, no matter how the information is viewed, 
the resulting images are essentially static and are generally of low to medium fidelity. Therefore, when viewing a 3-D plant 
model, it will always be clear to the viewer that it is just a model, and that the representation of the 3-D object is crude. 

The visual enhancement of 3-D models using sophisticated imaging software and overlaying photorealistic images on top of a 
skeleton of the 3-D representation are now not only possible but commonplace for higher-end video games. Computer-generated 
graphics are now so advanced that, as any movie fan will attest, it is often difficult to determine what is “real” and what is 
animated. This technology is now being applied to develop 3-D immersive training simulators (ITS) for chemical plants. As can 
be seen from , the quality and realism captured by computer-generated graphics are excellent. Furthermore, the use 
of avatars to represent plant operators makes it possible for a user to navigate through, interact with, and be truly immersed in 
the virtual plant. 


< WD: =a 


Va No 


Figure 1.18 An Bowne of a Computer- ae Image of. a oona Drum (Repradiced by Permission of the DOE" s 


National Energy Technical Laboratory and Invensys Systems Inc., Property and Copyright of Invensys plc, UK) 
1.7.3 Linking the ITS with an OTS 
The potential for education and training of engineers, operators, and students using both the OTS and ITS appears to be 


limitless. Indeed, these two systems can be linked together such that they can communicate, and the real-time operation of the 
process, both in the control room and outside in the plant, can be simulated in the virtual environment. Consider the following 
scenario that might occur during the start-up of a chemical process: 

Feed to a distillation column from an on-site storage drum has begun. The feed pump has been started and the flow through the 
pump has been confirmed from the HMI display in the control room. The liquid feed flows into the top of the tower, and the 
liquid levels on the distillation trays start to increase. The process appears to be working as described in the start-up manual 
that the operator is following. However, approximately 30 minutes after the start of the feed pumps, a low-level alarm sounds on 
the on-site storage drum. The operator monitors the level in the drum from the control room and determines that it is continuing 
to fall and will cause the feed pump to vapor lock (cavitate) if the situation is not remedied. In reviewing the start-up procedure, 


the operator determines that there is a remote function valve (one that cannot be operated remotely from the control room) that 
connects the on-site storage drum to the off-site storage tank, and that this valve may have been closed inadvertently. She then 
contacts an operator in the field by wireless communication and asks him to check the status of the remote function valve. The 
field operator walks to the storage drum, identifies the tag name on the valve, and confirms that the valve is indeed closed. The 
control room operator then instructs the field operator to open the valve, which he does. The control room operator then 
confirms that the level in the drum has started to go back up and thanks the field operator for his help. 

This scenario might well represent an actual incident occurring during a scheduled plant start-up. However, this scenario could 
just as easily be simulated in the virtual environment. The control room operator would be sitting in front of the HMI screen that 
is connected to the OTS. A field operator could be sitting in the room next door with a cell phone and wearing 3-D goggles 
connected to the ITS. The field operator would move his avatar to the location of the on-site storage drum and locate the remote 
function valve. The field operator using his avatar would then note the setting of the valve and after receiving instructions from 
the control room operator would open the valve. At this point, the ITS would communicate to the OTS that a valve had been 
opened, and this would then allow the flow of product to continue to the drum; that is, the dynamic model of the process would 
respond to the valve being opened and model the flow to the drum. The control room operator, monitoring the HMI, would see 
the result of the flow of product as an increase in the drum level. 

Clearly, any number of scenarios involving control room operators and field operators could be implemented. Moreover, 
maintenance operations, safety training, and a whole host of other operator functions could be simulated—all in the virtual 
plant. 

Augmented Reality. From the previous example it is clear that any feasible scenario that might occur in the actual plant can be 
simulated in the virtual environment. However, a series of cases can be simulated that would be almost impossible to simulate in 
the actual plant but are easily accomplished in virtual reality. For example, it might be helpful to show a young engineer how a 
particular piece of equipment works by showing him or her the details of the internals of that equipment. In the actual plant, this 
opportunity might not be available until a scheduled plant shutdown occurs, and that might not happen for one or two years. 
However, in the virtual environment, the operation of a given piece of equipment can be easily displayed. In fact, the avatar can 
move into the plant and simply “strip away” the outer wall of a piece of equipment and look inside to see what is happening. 
This additional feature is sometimes referred to as augmented reality (AR). As an example of AR, the operation of a reboiler and 


(b) 
Figure 1.19 Augmented Reality in ITS: (a) Reboiler, (b) Bubble-Cap Distillation Column (Reproduced by Permission of the 
DOE’s National Energy Technical Laboratory and Invensys Systems Inc., Property and Copyright of Invensys plc, UK) 


Another example of AR is the display of process data in the virtual plant. For example, if an operator wanted to check on the 
trend of a certain process variable, say, the temperature in a reactor, or look at a schematic of a pump, the avatar can simply 
click on a piece of equipment and display that trend, as shown in Figure 1.20. Clearly, in the virtual environment, there are very 
few limitations on what information the operator (avatar) can access. 


Figure 1.20 An Avatar Can Access Process Trends and Observe Equipment Schematics in AR (Reproduced by Permission of 


Invensys Systems Inc., Property and Copyright of Invensys plc, UK) 

Training for Emergencies, Safety, and Maintenance. The possibilities for training operators and engineers in the virtual plant 
environment are unlimited. Of particular importance are the areas of safety, emergency response, and routine maintenance. For 
example, the response of an operator or team of operators to an emergency situation can be monitored, recorded, and played 
back in the virtual plant. Any mistakes made by the operator(s) can be analyzed, feedback given, and then the exercise can be 
repeated until the correct response is achieved. Although such training does not absolutely guarantee that when a real emergency 
arises in the plant the operators will respond correctly, it nevertheless provides crucial emergency training under realistic 
conditions without the fear of actual harm to personnel and equipment. Furthermore, the more often such scenarios are 
rehearsed, the more likely are operators to respond correctly when real emergencies occur in the plant. 

Corresponding scenarios for safety and maintenance training can also be implemented. Often these activities must follow well- 
defined procedures, and again, the virtual environment offers a perfect venue to record, analyze, and provide feedback to 
personnel as they perform these various tasks. 

In summary, the use of the virtual plant environment (ITS linked to an OTS) provides unlimited opportunities to a new 
generation of engineers and operators to learn and to train as process plant personnel and to hone their respective skills in an 


environment that is both realistic and safe. 
1.8 SUMMARY 
In this chapter, the three principal types of diagrams used to describe the flow of chemical streams through a process were 


introduced, namely, the block flow diagram (BFD), the process flow diagram (PFD), and the piping and instrumentation 
diagram (P&ID). These diagrams describe a process in increasing detail. 

Each diagram serves a different purpose. The block flow diagram is useful in conceptualizing a process or a number of 
processes in a large complex. Little stream information is given, but a clear overview of the process is presented. The process 
flow diagram contains all the necessary information to complete material and energy balances on the process. In addition, 
important information such as stream pressures, equipment sizes, and major control loops is included. Finally, the piping and 
instrumentation diagram contains all the process information necessary for the construction of the plant. These data include pipe 
sizes and the location of all instrumentation for both the process and utility streams. 

In addition to the three diagrams, there are a number of other diagrams used in the construction and engineering phase of a 
project. However, these diagrams contain little additional information about the process. 

The logic for equipment placement and layout within the process was presented. The reasons for elevating equipment and 
providing access were discussed, and a 3-D representation of a DME plant was presented. The concept of operator training 
simulators was presented and the role of 3-D immersive training systems was also introduced. 


The PFD is the single most important diagram for the chemical or process engineer and will form the basis of much of the 
discussion covered in this book. 

WHAT YOU SHOULD HAVE LEARNED 

The difference between and uses of the block flow diagram, the process flow diagram, the piping and instrumentation diagram, 
plot plans, elevation diagrams, and piping isometrics 

A method for drawing consistent process flow diagrams 

How operator training systems and 3-D graphic process representations are used to train operators and engineers 
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SHORT ANSWER QUESTIONS 

1. What are the three principal types of diagrams used by process engineers to describe the flow of chemicals in a process? On 
which of these diagrams would you expect to see the following items? 

The temperature and pressure of a process stream 

An overview of a multiple-unit process 

A major control loop 

A pressure indicator 

A pressure-relief valve 

2. A problem has occurred in the measuring element of a level-indicating controller in a batch reactor. To what principal 
diagram should you refer in order to troubleshoot the problem? 

3. Why is it important for a process engineer to be able to review a three-dimensional model (actual or virtual/electronic) of the 
plant prior to the construction phase of a project? 

4. Name five things that would affect the locations of different pieces of equipment when determining the layout of equipment 
in a process unit. 

5. Why are accurate plant models (made of plastic parts) no longer made as part of the design process? What function did these 
models play and how is this function now achieved? 

6. In the context of process modeling tools, what do OTS and ITS stand for? 

7. What is augmented reality? Give one example of it. 

8. What are the two principle methods for the layout of process equipment in a chemical plant? 

9. When is it appropriate to add a flag to a stream in a PFD rather than including the stream in the stream flow table? 

10. What problems would you foresee in naming equipment in a process that had a unit number of 10 (for example, pumps 
starting with P-11, P-12, etc.)? 

11. What diagram would you refer to in order to estimate the frictional loss through a certain piping run within a process? 

12. In the vast majority of cases what is the final control element in a process control loop? 

13. What is the most effective way of communicating information about a process? 

14. Vessel V-307 is to be replaced in a plant with a vessel that is designed to withstand a higher pressure and which has a larger 


volume. Should this vessel be numbered V-307 to correspond with the vessel it is replacing? Explain your answer. 
PROBLEMS 
15. There are two common reasons for elevating the bottom of a tower by means of a “skirt.” One reason is to provide enough 


NPSH, for bottoms product pumps to avoid cavitation. What is the other reason? 

16. Which of the principal diagrams should be used to do the following: 

Determine the number of trays in a distillation column? 

Determine the top and bottom temperatures in a distillation column? 

Validate the overall material balance for a process? 

Check the instrumentation for a given piece of equipment in a “pre-start-up” review? 

Determine the overall material balance for a whole chemical plant? 

17. What is the purpose(s) of a pipe rack in a chemical process? 

18. When would a structure-mounted vertical plant layout arrangement be preferred over a grade-mounted, horizontal, in-line 
arrangement? 


19. A process that is being considered for construction has been through several technical reviews; block flow, process flow, 
and piping and instrumentation diagrams are available for the process. Explain the changes that would have to be made to the 
three principal diagrams if during a final preconstruction review, the following changes were made: 

The efficiency of a fired heater had been specified incorrectly as 92% instead of 82%. 

A waste process stream flowrate (sent to a sludge pond) was calculated incorrectly and is now 30% greater than before. 

It has been decided to add a second (backup) drive for an existing compressor. 

The locations of several control valves have changed to allow for better operator access. 

20. During a retrofit of an existing process, a vessel used to supply the feed pump to a batch reactor has been replaced because 
of excessive corrosion. The vessel is essentially identical to the original one, except it is now grounded differently to reduce the 
corrosion. If the function of the vessel (namely, to supply liquid to a pump) has not changed, answer the following questions: 
Should the new vessel have a new equipment number, or should the old vessel number be used again? Explain your answer. 
On which diagram or diagrams (BFD, PFD, or P&ID) should the change in the grounding setup be noted? 

21. Draw a section of a P&ID diagram for a vessel receiving a process liquid through an insulated 4-in schedule-40 pipe. The 
purpose of the vessel is to store approximately 5 minutes of liquid volume and to provide “capacity” for a feed pump connected 
to the bottom of the vessel using a 6-in schedule-40 pipe. The diagram should include the following features: 

The vessel is numbered V-1402 and the pump(s) are P-1407 A/B. 

The discharge side of the pump is made of 4-in schedule-40 carbon steel pipe and all pipe is insulated. 

A control valve is located in the discharge line of the pump, and a double block and bleed arrangement is used (see Problem 
1.22 for more information). 

Both pumps and vessel have isolation (gate) valves. 

The pumps should be equipped with drain lines that discharge to a chemical sewer. 

The vessel is equipped with local pressure and temperature indicators. 

The vessel has a pressure-relief valve set to 50 psig that discharges to a flare system. 

The tank has a drain valve and a sampling valve, both of which are connected to the tank through separate 2-in schedule-40 CS 
lines. 

The tank level is used to control the flow of liquid out of the tank by adjusting the setting of the control valve on the discharge 
side of the pump. The instrumentation is similar to that shown for V-104 in Figure 1.7. 

22. A standard method for instrumenting a control valve is termed the “double block and bleed,” which is illustrated in Figure 
PIi22. 


Globe Valve 


Chemical 
Sewer 
Figure P1.22 Double Block and Bleed Arrangement for Problem 1.22 
Under normal conditions, valves a to c are open and valves d and e are closed. Answer the following: 
Explain, carefully, the sequence of opening and closing valves required in order to change out the valve stem on the control 
valve (valve b). 
What changes, if any, would you make to Figure P1.22 if the process stream did not contain a process chemical but contained 
process water? 
It has been suggested that the bypass valve (valve d) be replaced with another gate valve to save money. Gate valves are cheap 
but essentially function as on-off valves. What do you recommend? 
What would be the consequence of eliminating the bypass valve (valve d)? 
23. Often, during the distillation of liquid mixtures, some noncondensable gases are dissolved in the feed to the tower. These 


noncondensables come out of solution when heated in the tower and may accumulate in the overhead reflux drum. In order for 
the column to operate satisfactorily, these vapors must be periodically vented to a flare or stack. One method to achieve this 
venting process is to implement a control scheme in which a process control valve is placed on the vent line from the reflux 
drum. A pressure signal from the drum is used to trigger the opening or closing of the vent line valve. Sketch the basic control 
loop needed for this venting process on a process flow diagram representing the top portion of the tower. 

24. Repeat Problem 1.23, but create the sketch as a P&ID to show all the instrumentation needed for this control loop. 

25. Explain how each of the following statements might affect the layout of process equipment: 

A specific pump requires a large NPSH. 

The flow of liquid from an overhead condenser to the reflux drum is gravity driven. 

Pumps and control valves should be located for easy access and maintenance. 

Shell-and-tube exchanges may require periodic cleaning and tube bundle replacement. 

Pipes located at ground level present a tripping hazard. 

The prevailing wind is nearly always from the west. 

26. Estimate the footprint for a shell-and-tube heat exchanger from the following design data: 

Area = 145 m? 

Hot side temperatures: in at 300°C, out at 195°C 

Cold side temperatures: bfw at 105°C, mps at 184°C 

Use 12 ft, 1-in OD tubes on a 1-1/4-in square pitch, use a single shell-and-tube pass because of change of phase on shell side 
Use a vapor space above boiling liquid = 3 times liquid volume 

27. Make a sketch of a layout (plot plan only) of a process unit containing the following process equipment: 

3 reactors (vertical—diameter 1.3 m each) 

2 towers (1.3 and 2.1 m in diameter, respectively) 

4 pumps (each mounting pad is 1 m by 1.8 m) 

4 exchangers (footprints of 4 m by 1 m, 3.5 m by 1.2 m, 3 m by 0.5 m, and 3.5 m by 1.1 m) 

The two columns and the three reactors should all be aligned with suitable spacing and all the exchangers should have clearance 
for tube bundle removal. 

28. Using the data from Table 1.7, estimate the footprints of all the equipment in the toluene HDA process. 

For the shell-and-tube exchangers, assume 12 ft, 1.25-in tubes on a 1.5-in square pitch, and assume 2 ft additional length at 
either end of the exchanger for tube return and feed header. 

For double pipe exchangers, assume an 8-in schedule-20 OD and a 6-in schedule-40 ID pipe with a length of 12 ft including u- 
bend. 

For the footprints of pumps, compressors, and fired heater, assume the following: 

P-101 use 2 m by 1 m, P-102 use 2 m by 1 m 

C-101 (+D-101) use 4 m by 2 m 

H-101 use 5m by 5m 

29. With the information from Problem 1.28 and the topology given in Figure 1.5, accurately sketch a plant layout (plot plan) of 
the toluene HDA process using a grade-mounted, horizontal, in-line arrangement similar to the one shown in Figure 1.10. You 
should assume that the area of land available for this process unit is surrounded on three sides by an access road and that a pipe 
rack runs along the fourth side. Use the information in Table 1.11 as a guide to placing equipment. 

30. A set of symbols seen on P&IDs are shown in Figure P 1.30. Identify all the instrument types and instrument connections 
(electrical, pneumatic, capillary). 
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Figure P1.30 A Set of Symbols Seen on P&IDs, to Be Used in Problem 1.30 

31. The P&ID shown in Figure P1.31 is for the feed section of a process in which a feed enters a tank and then is pumped 
through one of two pumps placed in parallel. The liquid then passes through a control valve that is used to regulate the level in 
the feed tank. Normally closed valves are shown shaded in black. Redraw this P&ID for the situation where the liquid level in 
the tank is used to regulate the flow into the tank and the discharge from the pumps is controlled through a flow controller using 


the signal from an orifice meter. 
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Figure P1.31 A Section of a P&ID to Be Used in Problem 1.31 

32. Draw a section of a P&ID where a centrifugal pump receives feed from outside the plant and sends the feed through a 
furnace and then to a plug flow reactor. The fuel gas flow to the furnace is regulated to control the reactor inlet temperature. The 
pump discharge flowrate to the reactor is controlled at a desired value. 

33. Draw a section of a P&ID where a vessel receives fuel oil and a positive displacement pump is used to send the fuel oil to a 
furnace. The fuel oil flow to the furnace is regulated to control the furnace temperature. You don’t need to show the furnace, just 
the fuel oil line up to the furnace burner. 

34. Draw a section of a P&ID where a gas is sent to a plug flow reactor through a heat exchanger. In the heat exchanger, a 
heating fluid is used to maintain the temperature of the gas at the inlet of the reactor. The gas flowrate to the reactor is controlled 
at a desired value. 


Chapter 2: The Structure and 
Synthesis of Process Flow Diagrams 


WHAT YOU WILL LEARN 


e The hierarchy of chemical process design 


e The structure of continuous chemical processes 


e The differences between batch and continuous processes 


When looking at a process flow diagram (PFD) for the first time, 
it is easy to be confused or overwhelmed by the complexity of 
the diagram. The purpose of this chapter is to show that the 
evolution of every process follows a similar path. The resulting 
processes will often be quite different, but the series of steps 
that have been followed to produce the final processes are 
similar. Once the path or evolution of the structure of processes 
has been explained and is understood, the procedure for 
understanding existing PFDs is also made simpler. Another 
important benefit of this chapter is to provide a framework to 
generate alternative PFDs for a given process. 


2.1 HIERARCHY OF PROCESS DESIGN 


Before discussing the steps involved in the conceptual design of 
a process, it should be noted that often the most important 
decision in the evolution of a process is the choice of which 
chemical syntheses or routes should be investigated to produce 
a desired product. The identification of alternative process 
chemistries should be done at the very beginning of any 
conceptual design. The conceptual design and subsequent 
optimization of a process are “necessary conditions” for any 
successful new process. However, the greatest improvements 
(savings) associated with chemical processes are most often due 
to changes, sometimes radical changes, to the chemical pathway 
used to produce the product. Most often, there are at least two 
viable ways to produce a given chemical. These alternative 
routes may require different raw materials and may produce 
different byproducts. The cost of the raw materials, the value of 
the byproducts, the complexity of the synthesis, and the 
environmental impact of any waste materials and pollutants 
produced must be taken into account when evaluating 
alternative synthesis routes. 

Douglas [1, 2], among others, has proposed a hierarchical 
approach to conceptual process design. In this approach, the 
design process follows a series of decisions and steps. The order 
in which these decisions are made forms the hierarchy of the 
design process. These decisions are listed as follows: 


. Decide whether the process will be batch or continuous. 
. Identify the input/output structure of the process. 
. Identify and define the recycle structure of the process. 


. Identify and design the general structure of the separation system. 
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. Identify and design the heat-exchanger network or process energy 
recovery system. 


In designing a new process, Steps 1 through 5 are followed in 
that order. Alternatively, by looking at an existing process, and 
working backward from Step 5, it is possible to eliminate or 
greatly simplify the PFD. Hence, much about the structure of 
the underlying process can be determined. 


This five-step design algorithm will now be applied to a 
chemical process. Each of the steps is discussed in some detail, 
and the general philosophy about the decision-making process 
will be covered. However, because Steps 4 and 5 require 
extensive discussion, these will be covered in separate chapters 
(Chapter 12 for separations, and Chapter 15 for energy 
recovery). 


2.2 STEP 1—BATCH VERSUS 
CONTINUOUS PROCESS 


It should be pointed out that there is a difference between a 
batch process and a batch (unit) operation. Indeed, there are 
very few, if any, processes that use only continuous operations. 
For example, most chemical processes described as continuous 
receive their raw material feeds and ship their products to and 
from the plant in rail cars, tanker trucks, or barges. The 
unloading and loading of these materials are done in a batch 
manner. Indeed, the demarcation between continuous and 
batch processes is further complicated by situations when 
plants operate continuously but feed or receive material from 
other process units within the plant that operate in a batch 
mode. Such processes are often referred to as semi-batch. A 
batch process is one in which a finite quantity (batch) of 
product is made during a period of a few hours or days. The 
batch process most often consists of metering feed(s) into a 
vessel followed by a series of unit operations (mixing, heating, 
reaction, distillation, etc.) taking place at discrete scheduled 
intervals. This is then followed by the removal and storage of 
the products, byproducts, and waste streams. The equipment is 
then cleaned and made ready for the next process. Production 
of up to 100 different products from the same facility has been 
reported [3]. This type of operation is in contrast to 
continuous processes, in which feed is sent continuously to 
a series of equipment, with each piece usually performing a 
single unit operation. Products, byproducts, and waste streams 
leave the process continuously and are sent to storage or for 
further processing. 

There are a number of considerations to weigh when 
deciding between batch and continuous processes, and some of 
the more important of these are listed in Table 2.1. As this table 


indicates, there are many things to consider when making the 
decision regarding batch versus continuous operation. Probably 
the most important of these are size and flexibility. If it is 
desired to produce relatively small quantities, less than 
approximately 500 tonne/y [1], of a variety of different products 
using a variety of different feed materials, then batch processing 
is probably the correct choice. For large quantities, greater than 
5000 tonne/y of product [1], using a single or only a few raw 
materials, then a continuous process is probably the best choice. 
There are many trade-offs between the two types of processes. 
However, like most things, it boils down to cost. For a batch 
process compared to the equivalent continuous process, the 
capital investment is usually much lower because the same 
equipment can be used for multiple unit operations and can be 
reconfigured easily for a wide variety of feeds and products. On 
the other hand, operating labor costs and utility costs tend to be 
much higher. Recent developments in batch processing have led 
to the concept of the “pipeless batch process” [4]. In this type of 
operation, equipment is automatically moved to different 
workstations at which different processes are performed. For 
example, a reactor may be filled with raw materials and mixed 
at station 1, moved to station 2 for heating and reaction, to 
station 3 for product separation, and finally to station 4 for 
product removal. The workstations contain a variety of 
equipment to perform functions such as mixing, weighing, 
heating/cooling, filtration, and so on. This modular approach to 
the sequencing of batch operations greatly improves 
productivity and eases the scheduling of different events in the 


overall process. 


Table 2.1 Some Factors to Consider When Deciding 
between Batch and Continuous Processes 


Advantages/Disadvantages 


Advantages/Disadvantages 


Factor for Batch Processes for Continuous Processes 
Size Smaller throughput favors Economies of scale favor 
batch operations. As continuous processes for large 
throughput increases, the throughput. 
required size of the process 
equipment increases, and the 
technical difficulties of moving 
large amounts of chemicals 
from equipment to equipment 
rapidly increase. 
Batch When the product quality of Continuous or periodic testing 


Accountability/Product 
Quality 


each batch of material must be 
verified and certified, batch 
operations are preferred. This 
is especially true for 
pharmaceutical and food 
products. The manufacture of 
these products is strictly 
monitored by the Food and 
Drug Administration (FDA). If 
reworking (reprocessing) of 
off-specification product is 


of product quality is carried 
out, but some potentially large 
quantities of off-specification 
product can be produced. If 
off-specification material may 
be blended or stored in 
dump/slop tanks and reworked 
through the process when the 
schedule permits, continuous 
processes are favored. 


Operational Flexibility 


Standardized 
Equipment—Multiple 
Products 


Processing Efficiency 


Maintenance and 
Operating Labor 


Feedstock Availability 


usually not permitted, small 
batches are favored. 


Often the same equipment can 
be used for multiple operations 
—for example, a stirred tank 
can be used as a mixer, then a 
reactor, and then as a stage of a 
mixer-settler for liquid-liquid 
extraction. 


Often batch processes can be 
easily modified to produce 
several different products 
using essentially the same 
equipment. Examples of batch 
plants that can produce 100 
different products are known 
[3]. For such processes the 
optimal control and 
sequencing of operations are 
critical to the success of such a 
plant. 


Operation of batch processes 
requires strict scheduling and 
control. Because different 
products are scheduled back- 
to-back, changes in schedules 
have a ripple effect and may 
cause serious problems with 
product availability for 
customers. If the same 
equipment is used to produce 
many different products, then 
this equipment will not be 
optimized for any one product. 
Energy integration is usually 
not possible, so utility usage 
tends to be higher than for 
continuous processes. 
Separation and reuse of raw 
materials are more difficult 
than for continuous processes. 


There are higher operating 
labor costs in standard batch 
plants due to equipment 
cleaning and preparation time. 
These costs have been shown 
to be reduced for the so-called 
pipeless batch plants [4]. 


Batch operations are favored 
when feedstock availability is 


Operational flexibility can be 
built in to continuous 
processes but often leads to 
inefficient use of capital. 
Equipment not required for 
one process but needed for 
another may sit idle for 
months. Often continuous 
processes are designed to 
produce a fixed suite of 
products from a well-defined 
feed material. If market forces 
change the feed/product 
availability or demand, then 
the plant will often be 
retrofitted to accommodate the 
change. 


The product suite or slate 
produced from continuous 
processes is usually fixed. 
Equipment tends to be 
designed and optimized for a 
single or small number of 
operating conditions. 


Generally, as throughput 
increases, continuous 
processes become more 
efficient. For example, fugitive 
energy losses are reduced, and 
rotating equipment (pumps, 
compressors, etc.) operates 
with higher efficiency. Recycle 
of unused reactants and the 
integration of energy within 
the process or plant are 
standard practices and 
relatively easy to achieve. 


For the same process, 
operating labor will be lower 
for continuous processes. 


Continuous plants tend to be 
large and need to operate 


Product Demand 


Rate of Reaction to 
Produce Products 


Equipment Fouling 


Safety 


Controllability 


limited, for example, 
seasonally. Canneries and 
wineries are examples of batch 
processing facilities that often 
operate for only part of the 
year. 


Seasonal demand for products 
such as fertilizers, gas-line 
antifreeze, deicing chips for 
roads and pavements, and so 
on, can be easily 
accommodated. Because batch 
plants are flexible, other 
products can be made during 
the off-season. 


Batch operations favor 
processes that have very slow 
reaction rates and 
subsequently require long 
residence times. Examples 
include fermentation, aerobic 
and anaerobic wastewater 
treatment, and many other 
biological reactions. 


When there is significant 
equipment fouling, batch 
operations are favored because 
cleaning of equipment is 
always a standard operating 
procedure in a batch process 
and can be accommodated 
easily in the scheduling of the 
process. 


Generally, worker exposure to 
chemicals and operator error 
will be higher (per pound of 
product) than for continuous 
processes. Operator training in 
chemical exposure and 
equipment operation is critical. 


Controllability of batch 
processes using the same 
equipment for different unit 
operations and sometimes to 
produce different products may 
be difficult. The efficient 
scheduling of equipment 
becomes very important. The 
control used for this scheduling 
is complicated [3]. 


throughout the year to be 
profitable. The only way that 
seasonal variations in feeds can 
be accommodated is through 
the use of large storage 
facilities that are very 
expensive. 


It is difficult to make other 
products during the off-season. 
However, similar but different 
products—for example, a 
family of solvents— can be 
produced using the same 
processes through a series of 
campaigns at different times 
during the year. Each 
campaign may last several 
months. 


Very slow reactions require 
very large equipment. The flow 
through this equipment will be 
slow, and dispersion can be a 
problem if very high 
conversion is desired and plug 
flow is required. 


Significant fouling in 
continuous operations is a 
serious problem and is difficult 
to handle. Operating identical 
units in parallel, one on-line 
and the other off-line for 
cleaning, can solve this 
problem. However, capital 
investment is higher, 
additional labor is required, 
and safety problems are more 
likely. 


Large chemical plants 
operating continuously have 
excellent safety records [6], 
and safety procedures are well 
established. Operator training 
is still of great importance, but 
many of the risks associated 
with operating equipment 
containing chemicals are 
eliminated. 


Generally, continuous 
processes are easier to control. 
Also, more work and research 
have been done for these 
processes. However, for 
complicated and highly 
integrated (energy and/or raw 
materials) plants, the control 
becomes complex, and 
operational flexibility is greatly 
reduced. 


Finally, it is important to recognize the role of pilot plants in 
the development of processes. It has been long understood that 
what works well in the laboratory often does not work as well on 
the large scale. Of course, much of the important preliminary 
work associated with catalyst development and phase 
equilibrium is most efficiently and inexpensively completed in 
the laboratory. However, problems associated with trace 
quantities of unwanted side products, difficult material 
handling problems, and multiple reaction steps are not easily 
scaled up from laboratory-scale experiments. In such cases, 
specific unit operations or the entire process may be “piloted” to 
gain better insight into the proposed full-scale operation. Often, 
this pilot plant work is carried out in batch equipment in order 
to reduce the inventory of raw materials. Sometimes, the pilot 
plant serves the dual purpose of testing the process at an 
intermediate scale and producing enough material for 
customers and other interested parties to test. The role and 
importance of pilot plants are covered in detail by Lowenstein 


[5]. 


2.3 STEP 2—THE INPUT/OUTPUT 
STRUCTURE OF THE PROCESS 


Although all processes are different, there are common features 
of each. The purpose of this section is to investigate the 
input/output structure of the process. The inputs represent feed 
streams and the outputs are product streams, which may be 
desired products, byproducts, or waste streams. 


2.3.1 Process Concept Diagram 


The first step in evaluating a process route is to construct a 
process concept diagram. Such a diagram uses the 
stoichiometry of the main reaction pathway to identify the feed 
and product chemicals. The first step to construct such a 
diagram is to identify the chemical reaction or reactions taking 
place within the process. The balanced chemical reaction(s) 
form the basis for the overall process concept diagram. Figure 
2.1 shows this diagram for the toluene hydrodealkylation 
process discussed in Chapter 1. It should be noted that only 
chemicals taking place in the reaction are identified on this 
diagram. The steps used to create this diagram are as follows: 


1. A single “cloud” is drawn to represent the concept of the process. Within 
this cloud the stoichiometry for all reactions that take place in the process 
is written. The normal convention of the reactants on the left and 
products on the right is used. 

2. The reactant chemicals are drawn as streams entering from the left. The 
number of streams corresponds to the number of reactants (two). Each 
stream is labeled with the name of the reactant (toluene and hydrogen). 

3. Product chemicals are drawn as streams leaving to the right. The number 
of streams corresponds to the number of products (two). Each stream is 
labeled with the name of the product (benzene and methane). 

4. Seldom does a single reaction occur, and unwanted side reactions must be 
considered. All reactions that take place and the reaction stoichiometry 
must be included. The unwanted products are treated as byproducts and 


must leave along with the product streams shown on the right of the 
diagram. 
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Figure 2.1 Input/Output Structure of the Process Concept 
Diagram for the Toluene Hydrodealkylation Process 


2.3.2 The Input/Output Structure of the Process Flow Diagram 


If the process concept diagram represents the most basic or 
rudimentary representation of a process, then the process flow 
diagram (PFD) represents the other extreme. However, the 
same input/output structure is seen in both diagrams. The PFD, 
by convention, shows the process feed stream(s) entering from 
the left and the process product stream(s) leaving to the right. 

There are other auxiliary streams shown on the PFD, such as 
utility streams that are necessary for the process to operate but 
that are not part of the basic input/output structure. 
Ambiguities between process streams and utility streams may 
be eliminated by starting the process analysis with an overall 
input/output concept diagram. 

Figure 2.2 shows the basic input/output structure for the 
PFD (see Figure 1.3). The input and output streams for the 
toluene HDA PFD are shown in bold. Both Figures 2.1 and 2.2 
have the same overall input/output structure. The input 
streams labeled toluene and hydrogen shown on the left in 
Figure 2.1 appear in the streams on the left of the PFD in Figure 
2.2. In Figure 2.2, these streams contain the reactant chemicals 
plus other chemicals that are present in the raw feed materials. 
These streams are identified as Streams 1 and 3, respectively. 
Likewise, the output streams, which contain benzene and 
methane, must appear on the right on the PFD. The benzene 
leaving the process, Stream 15, is clearly labeled, but there is no 
clear identification for the methane. However, by referring to 
Table 1.5 and looking at the entry for Stream 16, it can be seen 
that this stream contains a considerable amount of methane. 
From the stoichiometry of the reaction, the amount of methane 
and benzene produced in the process should be equal (on a 
mole basis). This is easily checked from the data for Streams 1, 
3, 15, and 16 (Table 1.5) as follows: 


Benzene produced in process = Benzeneleaving — Benzeneentering 
= 105.2(Stream15) + 2.85 (Stream16) — 0 
= 108.05kmol/h 


Methane produced in process = Methaneleaving — Methaneentering 
= 123.05 (Stream16) — 15.0 (Stream 3) 
= 108.05kmol/h 


Fuel Gas 


== Input/Output Stream 


Figure 2.2 Input and Output Streams on Toluene 
Hydrodealkylation PFD 


At times, it will be necessary to use the process conditions or 
the flow table associated with the PFD to determine where a 
chemical is to be found. 


There are several important factors to consider in analyzing 
the overall input/output structure of a PFD. Some of these 
factors are listed below. 


1. Chemicals entering the PFD from the left that are not consumed in the 
chemical reactor are either required to operate a piece of equipment or are 
inert material that simply passes through the process. Examples of 
chemicals required but not consumed include catalyst makeup, solvent 
makeup, and inhibitors. In addition, feed materials that are not pure may 
contain inert chemicals. Alternatively, chemicals may be added in order to 
control reaction rates, to keep the reactor feed outside of the explosive 
limits, or to act as a heat sink or heat source to control temperatures. 


2. Any chemical leaving a process must either have entered in one of the feed 
streams or have been produced by a chemical reaction within the process. 

3. Utility streams are treated differently from process streams. Utility 
streams, such as cooling water, steam, fuel, and electricity, rarely directly 
contact the process streams. They usually provide or remove thermal 
energy or work. 


Figure 2.3 identifies, with bold lines, the utility streams in 
the benzene process. It can be seen that two streams—fuel gas 
and air—enter the fired heater. These are burned to provide 
heat to the process, but never come in direct contact (that is, 
mix) with the process streams. Other streams such as cooling 
water and steam are also highlighted in Figure 2.3. All these 
streams are utility streams and are not extended to the left or 
right boundaries of the diagram, as were the process streams. 
Other utility streams are also provided but are not shown in the 
PFD. The most important of these is electrical power, which is 
most often used to run rotating equipment such as pumps and 
compressors. Other utilities, such as plant air, instrument air, 
nitrogen for blanketing of tanks, process water, and so on, are 
also consumed. 
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Figure 2.3 Identification of Utility Streams on the Toluene 
Hydrodealkylation PFD 


2.3.3 The Input/Output Structure and Other Features of the 
Generic Block Flow Process Diagram 
The generic block flow diagram is intermediate between the 
process concept diagram and the PFD. This diagram illustrates 
features, in addition to the basic input/output structure, that 
are common to all chemical processes. Moreover, in discussing 
the elements of new processes it is convenient to refer to this 
diagram because it contains the logical building blocks for all 
processes. Figure 2.4(a) provides a generic block flow process 
diagram that shows a chemical process broken down into six 
basic areas or blocks. Each block provides a function necessary 
for the operation of the process. These six blocks are as follows: 


1. Reactor feed preparation 
2. Reactor 
. Separator feed preparation 


3 

4. Separator 
5. Recycle 
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. Environmental control 
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Figure 2.4 (a) The Six Elements of the Generic Block Flow 


Process Diagram; (b) A Process Requiring Multiple Process 
Blocks 


An explanation of the function of each block in Figure 2.4(a) is 
given below. 


1. 


Reactor Feed Preparation Block: In most cases, the feed chemicals 
entering a process come from storage. These chemicals are most often not 
at a suitable concentration, temperature, and pressure for optimal 
performance in the reactor. The purpose of the reactor feed preparation 
section is to change the conditions of these process feed streams as 
required in the reactor. 


Reactor Block: All chemical reactions take place in this block. The 
streams leaving this block contain the desired product(s), any unused 
reactants, and a variety of undesired byproducts produced by competing 
reactions. 


Separator Feed Preparation Block: The output stream from the 
reactor, in general, is not at a condition suitable for the effective 
separation of products, byproducts, waste streams, and unused feed 
materials. The units contained in the separator feed preparation block 
alter the temperature and pressure of the reactor output stream to provide 
the conditions required for the effective separation of these chemicals. 
Separator Block: The separation of products, byproducts, waste 
streams, and unused feed materials is accomplished via a wide variety of 
physical processes. The most common of these techniques are typically 
taught in unit operations and/or separations classes—for example, 
distillation, absorption, and extraction. 

Recycle Block: The recycle block represents the return of unreacted feed 
chemicals, separated from the reactor effluent, back to the reactor for 
further reaction. Because the feed chemicals are not free, it most often 
makes economic sense to separate the unreacted reactants and recycle 
them back to the reactor feed preparation block. Normally, the only 
equipment in this block is a pump or compressor and perhaps a heat 
exchanger. 


Environmental Control Block: Virtually all chemical processes 
produce waste streams. These include gases, liquids, and solids that must 
be treated prior to being discharged into the atmosphere, sequestered in 
landfills, and so on. These waste streams may contain unreacted 
materials, chemicals produced by side reactions, fugitive emissions, and 
impurities coming in with the feed chemicals and the reaction products of 
these chemicals. Not all of the unwanted emissions come directly from the 
process streams. An example of an indirect source of pollution results 
when the energy needs of the plant are met by burning high sulfur oil. The 
products of this combustion include the pollutant sulfur dioxide, which 
must be removed before the gaseous combustion products can be vented 
to the atmosphere. The purpose of the environmental control block is to 
reduce significantly the waste emissions from a process and to render all 
nonproduct streams harmless to the environment. 


It can be seen that a dashed line has been drawn around the 


block containing the environmental control operations. This 
identifies the unique role of environmental control operations 
in a chemical plant complex. A single environmental control 


unit may treat the waste from several processes. For example, 
the wastewater treatment facility for an oil refinery might treat 
the wastewater from as many as 20 separate processes. In 
addition, the refinery may contain a single stack and incinerator 
to deal with gaseous wastes from these processes. Often, this 
common environmental control equipment is not shown in the 
PFD for an individual process, but is shown on a separate PFD 


as part of the “off-site” section of the plant. Just because the 
environmental units do not appear on the PFD does not indicate 
that they do not exist or that they are unimportant. 


Each of the process blocks may contain several unit 
operations. Moreover, several process blocks may be required in 
a given process. An example of multiple process blocks in a 
single process is shown in Figure 2.4(b). In this process, an 
intermediate product is produced in the first reactor and is 
subsequently separated and sent to storage. The remainder of 
the reaction mixture is sent to a second stage reactor in which 
product is formed. This product is subsequently separated and 
sent to storage, and unused reactant is also separated and 
recycled to the front end of the process. Based upon the reason 
for including the unit, each unit operation found on a PFD can 
be placed into one of these blocks. Although each process may 
not include all the blocks, all processes will have some of these 
blocks. 


In Example 2.6, at the end of this chapter, different 
configurations will be investigated for a given process. It will be 
seen that these configurations are most conveniently 
represented using the building blocks of the generic block flow 
diagram. 


2.3.4 Other Considerations for the Input/Output Structure of the 
Process Flowsheet 

The effects of feed impurities and additional flows that are 

required to carry out specific unit operations may have a 

significant impact on the structure of the PFD. These issues are 

covered in the following section. 


Feed Purity and Trace Components. In general, the 
feed streams entering a process do not contain pure chemicals. 
The option always exists to purify further the feed to the 
process. The question of whether this purification step should 
be performed can be only answered using a detailed economic 
analysis. However, some commonsense heuristics may be used 
to choose a good base case or starting point. The following 
heuristics are modified from Douglas [1]: 


e Ifthe impurities are not present in large quantities (say, <10%—20%) and 
these impurities do not react to form byproducts, then do not separate 
them prior to feeding to the process. For example, the hydrogen fed to the 
toluene HDA process contains a small amount of methane (5 mol%—see 
Stream 3 in Table 1.5). Because the methane does not react (it is inert) and 
it is present as a small quantity, it is probably not worth considering 
separating it from the hydrogen. 


e Ifthe separation of the impurities is difficult (for example, an impurity 
forms an azeotrope with the feed or the feed is a gas at the feed 
conditions), then do not separate them prior to feeding to the process. For 
example, again consider the methane in Stream 3. The separation of 
methane and hydrogen is relatively expensive (see Example 2.3) because it 
involves low temperature and/or high pressure. This fact, coupled with the 
reasons given above, means that separation of the feed would not normally 
be attempted. 


e Ifthe impurities foul or poison the catalyst, then purify the feed. For 


example, one of the most common catalyst poisons is sulfur. This is 
especially true for catalysts containing Group VIII metals such as iron, 
cobalt, nickel, palladium, and platinum [7]. In the steam reformation of 
natural gas (methane) to produce hydrogen, the catalyst is rapidly 
poisoned by the small amounts of sulfur in the feed. A guard bed of 
activated carbon (or zinc oxide) is placed upstream of the reactor to reduce 
the sulfur level in the natural gas to the low ppm level, which reduces the 
catalyst poisoning to an acceptable level. 


If the impurity reacts to form difficult-to-separate or hazardous products, 
then purify the feed. For example, in the manufacture of isocyanates for 
use in the production of polyurethanes, the most common synthesis path 
involves the reaction of phosgene with the appropriate amine [8]. Because 
phosgene is a highly toxic chemical, all phosgene is manufactured on-site 
via the reaction of chlorine and carbon monoxide: 


CO + Cl + COCH 


phosgene 


If carbon monoxide is not readily available (by pipeline), then it must be 
manufactured via the steam reformation of natural gas. The following 
equation shows the overall main reaction (carbon dioxide may also be 
formed in the process, but it is not considered here): 


CH, + H20 > CO + 3H» 


The question to ask is, at what purity must the carbon monoxide be fed to 
the phosgene unit? The answer depends on what happens to the 
impurities in the CO. The main impurity is hydrogen. The hydrogen reacts 
with the chlorine to form hydrogen chloride, which is difficult to remove 
from the phosgene, is highly corrosive, and is detrimental to the 
isocyanate product. With this information, it makes more sense to remove 
the hydrogen to the desired level in the carbon monoxide stream rather 
than send it through with the CO and cause more separation problems in 
the phosgene unit and further downstream. Acceptable hydrogen levels in 
carbon monoxide feeds to phosgene units are less than 1%. 


If the impurity is present in large quantities, then purify the feed. This 
heuristic is fairly obvious because significant additional work and 
heating/cooling duties are required to process the large amount of 
impurity. Nevertheless, if the separation is difficult and the impurity acts 
as an inert, then separation may still not be warranted. An obvious 
example is the use of air, rather than pure oxygen, as a reactant. Because 
nitrogen often acts as an inert compound, the extra cost of purifying the 
air is not justified compared with the lesser expense of processing the 
nitrogen through the process. An added advantage of using air, as opposed 
to pure oxygen, is the heat-absorbing capacity of nitrogen, which helps 
moderate the temperature rise of many highly exothermic oxidation 
reactions. 


Addition of Feeds Required to Stabilize Products or 


Enable Separations. Generally, product specifications are 
given as a series of characteristics that the product stream must 
meet or exceed. Clearly, the purity of the main chemical in the 
product is the major concern. However, other specifications 
such as color, density or specific gravity, turbidity, maximum 
amount of certain trace chemicals, and so on, may also be 


specified. Often many of these specifications can be met in a 
single piece or train of separation equipment. However, if the 
product stream is, for example, reactive or unstable, then 
additional stabilizing chemicals may need to be added to the 
product before it goes to storage. These stabilizing chemicals are 
additional feed streams to the process. The same argument can 


be made for other chemicals such as solvents or catalysts that 
are effectively consumed in the process. If a solvent such as 
water or an organic chemical is required to make a separation 
take place—for example, absorption of a solvent-soluble 
chemical from a gas stream—then this solvent is an additional 
feed to the process (see Appendix B.5—the production of maleic 
anhydride via the partial oxidation of propylene). Accounting 
for these chemicals both in feed costs and in the overall material 
balance (in the product streams) is very important. 


Inert Feed Material to Control Exothermic 
Reactions. In some cases, it may be necessary to add 
additional inert feed streams to the process in order to control 
the reactions taking place. Common examples of this are partial 
oxidation reactions of hydrocarbons. For example, consider the 
partial oxidation of propylene to give acrylic acid, an important 
chemical in the production of acrylic polymers. The feeds 
consist of nearly pure propylene, air, and steam. The basic 
reactions that take place are as follows: 


C3 He + 30, —> C3 H40: + H30 Reaction1 
C3H6 + 302 > C2H402 + H20 + CO Reaction 2 
C3 He + 20, — 3H2O + 3C0O» Reaction 3 


All these reactions are highly exothermic, not limited by 
equilibrium, and potentially explosive. In order to eliminate or 
reduce the potential for explosion, steam is fed to the reactor to 
dilute the feed and provide thermal ballast to absorb the heat of 
reaction and make control easier. In some processes, enough 
steam (or other inert stream) is added to move the reaction 
mixture out of the flammability limits, thus eliminating the 
potential for explosion. The steam (or other inert stream) is 
considered a feed to the process, must be separated, and leaves 
as a product, byproduct, or waste stream. 


Addition of Inert Feed Material to Control 
Equilibrium Reactions. Sometimes it is necessary to add an 
inert material to shift the equilibrium of the desired reaction. 
Consider the production of styrene via the catalytic 
dehydrogenation of ethyl benzene: 

Cs H;CH2:CH; = Ce HCH = CHa + Ho 


ethylbenzene styrene 


This reaction takes place at high temperature (600°C-750°C) 
and low pressure (<1 bar) and is limited by equilibrium. The 
ethyl benzene is co-fed to the reactor with superheated steam. 
The steam acts as an inert in the reaction and both provides the 
thermal energy required to preheat the ethyl benzene and 
dilutes the feed. As the steam-to-ethyl benzene ratio increases, 
the equilibrium shifts to the right (Le Chatelier’s principle) and 
the single-pass conversion increases. The optimum steam-to- 
ethyl benzene feed ratio is based on the overall process 


economics. 
2.3.5 What Information Can Be Determined Using the 
Input/Output Diagram for a Process? 

The following basic information, obtained from the 
input/output diagram, is limited but nevertheless very 
important: 

e Basic economic analysis on profit margin 

e What chemical components must enter with the feed and leave as products 

e All the reactions, both desired and undesired, that take place 

The potential profitability of a proposed process can be 

evaluated and a decision whether to pursue the process can be 


made. As an example, consider the profit margin for the toluene 
HDA process given in Figure 2.1. 


The profit margin will be formally introduced in Chapter 10, 
but it is defined as the difference between the value of the 
products and the cost of the raw materials. To keep things 
simple the stoichiometry of the reaction is used as the basis. If 
the profit margin is a negative number, then there is no 
potential to make money. The profit margin for the HDA 
process is given in Example 2.1. 


Example 2.1 


Evaluate the profit margin for the HDA process. 


From Tables 8.3 and 8.4, the following prices for raw 
materials and products are found: 


Benzene = $1.196/kg 

Toluene = $1.019/kg 

Natural gas (methane, MW = 16) = $0.1119/std m° = 
$0.165/kg 


Hydrogen = $0.381/kg (based on the same equivalent 
energy cost as natural gas) 


Using 1 kmol of toluene feed as a basis 


Cost of Raw Materials 

92 kg of Toluene = (92 kg)($1.019/kg) = $93.75 
2 kg of Hydrogen = (2 kg)($0.381/kg) = $0.76 
Value of Products 


78 kg of Benzene = (78 kg)($1.196/kg) = $93.29 
16 kg of Methane = (16 kg)($0.165/kg) = $2.64 


Profit Margin 
Profit Margin = (93.29 + 2.64) — (93.75 + 0.76) = $1.42 
or $0.0154/kg toluene 


Based on this result, it is concluded that further 
investigation of this process may be warranted. 


The results in Example 2.1 show that the profit margin for 
benzene using the HDA process are positive but small. It is 
unlikely that when the costs of equipment, utilities, and all 
other operating costs are correctly accounted for that 
production of benzene via the HDA process would be profitable. 
Nevertheless, benzene has been produced for the last 50 years 
and is a viable starting material for a host of petrochemical 
products. How is this possible? It must be concluded that 
benzene can be produced via at least one other route, which is 
less sensitive to changes in the price of toluene, benzene, and 
natural gas. One such commercial process is the 
disproportionation or transalkylation of toluene to produce 
benzene and a mixture of para-, ortho-, and meta-xylene via the 
following reaction: 


2C7 Hg > Ce He + Cs Hio 


toluene benzene xylene 


The profit margin for this process is given in Example 2.2. 


Example 2.2 


Evaluate the profit margin for the toluene 
disproportionation process. 


From Table 8.4: 
Mixed Xylenes = $1.06/kg 
Using 2 kmols of toluene feed as a basis 


Cost of Raw Materials 


184 kg of Toluene = (184 kg)($1.019/kg) = $187.50 


Value of Products 


78 kg of Benzene = (78 kg)($1.196/kg) = $93.29 
106 kg of Xylene = (106 kg)($1.06/kg) = $112.36 


Margin 
Profit Margin = 93.29 + 112.36 — 187.50 = $18.15 or 
$0.099/kg toluene feed 


From the results of Example 2.2, the profit margin for 
the production of benzene via the disproportionation of 
toluene is greater than the toluene HDA process. In 
addition, a closer look at the cost of purified xylenes 
(from Table 8.4) shows that these purified xylenes are 
considerably more valuable (ranging in value from 
$1.235 to $2.91/kg) than the mixed xylene stream 
($1.06/kg). Therefore, the addition of a xylene 
purification section to the disproportionation process 
might well yield a significantly more profitable process. 
Historically, the prices of toluene and benzene fluctuate 
in phase with each other. In general, toluene 
disproportionation has been the preferred process for 
benzene production over the last two decades. 


In carrying out Examples 2.1 and 2.2, a single-point price for 
each chemical was used. In general in order to determine a 
more accurate margin for a process, cost data for the feed and 
product chemicals over a period of several years should be 
sought in order to get average values and then these values 
should be used to evaluate the margin. Another important point 
to note is that there are often two or more different chemical 
paths to produce a given product. These paths may all be 
technically feasible; that is, catalysts for the reactions and 
separation processes to isolate and purify the products probably 
exist. However, it is the costs of the raw materials that usually 
play the major role when deciding which process to choose. 


2.4 STEP 3—THE RECYCLE STRUCTURE 
OF THE PROCESS 


The remaining three steps in building the process flow diagram 
basically involve the recovery of materials and energy from the 
process. It may be instructive to break down the operating costs 
for a typical chemical process. This analysis for the toluene 
process is given in Chapter 8, Example 8.10. From the results of 
Example 8.10, it can be seen that raw material costs (toluene 
and hydrogen) account for (87.398)/(114.6) x 100 = 76% of the 
total manufacturing costs. This value is typical for chemical 
processes. Peters and Timmerhaus [9] suggest that raw 
materials make up between 10% and 50% of the total operating 
costs for processing plants; however, due to increasing 
conservation and waste minimization techniques this estimate 
may be low, and an upper limit of 80% is more realistic. 
Because these raw materials are so valuable, it is imperative 
that unused reactants are separated and recycled. Indeed, high 
efficiency for raw material usage is a requirement of the vast 
majority of chemical processes. This is why the generic block 
flow process diagram (Figure 2.4) shows a recycle stream. 
However, the extent of recycling of unused reactants depends 
largely on the ease with which these unreacted raw materials 
can be separated (and purified) from the products that are 
formed within the reactor. 


2.4.1 Efficiency of Raw Material Usage 


It is important to understand the difference between single-pass 
conversion in the reactor, the overall conversion in the process, 
and the yield. 


Sinel i Reactant consumed in reaction 
ingle-pass conversion = ———— —— 
sieP Reactant fed to the reactor 


(2.1) 


. Reactantconsumedinprocess 
Overall conversion = 2". 
Reactant fed to the reactor 


(2.2) 


: Moles of reactant to produce desired product 
Yield Se oy ee 
Moles of limiting reactant reacted 


(2.3) 


For the HDA process introduced in Chapter 1, the following 
values are obtained for the most costly reactant (toluene) from 
Table 1.5: 


: .  _ (144.0—36.0) __ 
Single-pass conversion = imo ee Ore 5% 
Overall conversion = Coe es) = 0.9930r99.3 % 


(105.2+2.85) 


Yield = (108.7—0.4—0.31) 


= 0.99950r99.95 % 

The single-pass conversion indicates how much of the 
toluene that enters the reactor is converted to benzene. The 
lower the single-pass conversion, the greater the recycle must 
be, assuming that the unreacted toluene can be separated and 
recycled. In terms of the overall economics of the process, the 
single-pass conversion will affect equipment size and utility 
flows, because both of these are directly affected by the amount 
of recycle. However, the raw material costs are not changed 
significantly, assuming that the unreacted toluene is separated 
and recycled. 

The overall conversion indicates what fraction of the toluene 
in the feed to the process (Stream 1) is converted to products. 
For the hydrodealkylation process, it is seen that this fraction is 
high (99.3%). This high overall conversion is typical for 
chemical processes and shows that unreacted raw materials are 
not being lost from the process. 


Finally the yield indicates what fraction of the reacted 
toluene ends up in the desired product: benzene. For this case, 
the yield is unity (within round-off error), and this is to be 
expected because no competing or side reactions were 
considered. In reality, there is at least one other significant 
reaction that can take place, and this may reduce the yield of 
toluene. This case is considered in Problem 2.1 at the end of the 
chapter. Nevertheless, yields for this process are generally very 
high. For example, Lummus [10] quotes yields from 98% to 
99% for their DETOL hydrodealkylation process. 

By looking at the conversion of the other reactant, hydrogen, 
it can be seen from the data in Table 1.5 that 


(735.4—652.6) 

735.4 
(286.0—178.0) 
~ 2860 


Single-pass conversion = = 0.1130r11.3% 


Overall conversion = = 0.3780r37.8 % 


Clearly these conversions are much lower than for toluene. 
The single-pass conversion is kept low because a high hydrogen- 
to-hydrocarbon ratio is desired everywhere in the reactor so as 
to avoid or reduce coking of the catalyst. However, the low 
overall conversion of hydrogen indicates poor raw material 
usage. Therefore, the questions to ask are “Why is the material 


usage for toluene so much better than for hydrogen?” and “How 
can the hydrogen usage be improved?” These questions can be 
answered by looking at the ease of separation of hydrogen and 
toluene from their respective streams and leads us to investigate 
the recycle structure of the process. 


2.4.2 Identification and Definition of the Recycle Structure of the 
Process 
There are basically three ways that unreacted raw materials can 
be recycled in continuous processes. 
1. Separate and purify unreacted feed material from products and then 
recycle. 
2. Recycle feed and product together and use a purge stream. 


3. Recycle feed and product together and do not use a purge stream. 


Separate and Purify. Through the ingenuity of chemical 
engineers and chemists, technically feasible separation paths 
exist for mixtures of nearly all commercially desired chemicals. 
Therefore, the decision on whether to separate the unreacted 
raw materials must be made purely from economic 
considerations. In general, the ease with which a given 
separation can be made is dependent on two principles. 

e First, for the separation process (unit operation) being considered, what 


conditions (temperature and pressure) are necessary to operate the 
process? 


e Second, for the chemical species requiring separation, are the differences 
in physical or chemical properties for the species, on which the separation 
is based, large or small? 


Examples that illustrate these principles are given below. 

For the HDA process, the reactor effluent, Stream 9, is 
cooled and separated in a two-stage flash operation. The liquid, 
Stream 18, contains essentially benzene and toluene. The 
combined vapor stream, Streams 8 and 17, contains essentially 
methane and hydrogen. In Example 2.3, methods to separate 
the hydrogen in these two streams are considered and are used 
to screen potential changes in the recycle structure of the HDA 
process. 


Example 2.3 


For the separation of methane and hydrogen, first look at 
distillation: 


Normal boiling point of methane = -161°C 
Normal boiling point of hydrogen = -252°C 


Separation should be easy using distillation due to the 
large difference in boiling points of the two components. 
However, in order to obtain a liquid phase, a 
combination of high pressure and very low temperature 
must be used. This will be very costly and suggests that 
distillation is not the best operation for this separation. 


Absorption 


It might be possible to absorb or scrub the methane from 
Streams 8 and 17 into a hydrocarbon liquid. In order to 
determine which liquids, if any, are suitable for this 
process, the solubility parameters for both methane and 
hydrogen in the different liquids must be determined. 
This information is available in Walas [11]. Because of 
the low boiling point of methane, a low temperature and 
high pressure would be required for effective absorption. 


Pressure-Swing Adsorption 


The affinity of a molecule to adhere (either chemically or 
physically) to a solid material is the basis of adsorption. 
In pressure-swing adsorption, the preferential 
adsorption of one species from the gas phase occurs at a 
given pressure, and the desorption of the adsorbed 
species is facilitated by reducing the pressure and 
allowing the solid to “de-gas.” Two (or more) beds 
operate in parallel, with one bed adsorbing and the other 
desorbing. The separation and purification of hydrogen 
contained in gaseous hydrocarbon streams could be 
carried out using pressure-swing adsorption. In this case, 
the methane would be preferentially adsorbed onto the 
surface of a sorbent, and the stream leaving the unit 
would contain a higher proportion of hydrogen than the 
feed. This separation could be applied to the HDA 
process. 


Membrane Separation 


Commercial membrane processes are available to purify 
hydrogen from hydrocarbon streams. This separation is 
facilitated because hydrogen passes more readily through 
certain membranes than does methane. This process 
occurs at moderate pressures, consistent with the 
operation of the HDA process. However, the hydrogen is 
recovered at a fairly low pressure and would have to be 
recompressed prior to recycling. This separation could be 
applied to the HDA process. 


From Example 2.3, it can be seen that pressure-swing 
adsorption and membrane separation of the gas stream should 
be considered as viable process alternatives, but for the 
preliminary PFD for this process, no separation of hydrogen 
was attempted. In Example 2.4, the separation of toluene from a 
mixture of benzene and toluene is considered. 


Example 2.4 


What process should be used in the separation of toluene 
and benzene? 


Distillation 


Normal boiling point of benzene = 80.1°C 


Normal boiling point of toluene = 110.6 °C 


Separation should be easy using distillation, and neither 
excessive temperatures nor pressures will be needed. 
This is a viable operation for the separation of benzene 
and toluene in the HDA process. 


Economic considerations often make distillation the 
separation method of choice. The separation of benzene and 
toluene is routinely practiced through distillation and this is the 
preferred method in the preliminary PFD for this process. 


Recycle Feed and Product Together with a Purge 
Stream. If separation of unreacted feed and products is not 
accomplished easily, then recycling both feed and product 
should be considered. In the HDA process, the methane product 
will act as an inert because it will not react with toluene. In 
addition, this process is not limited by equilibrium 
considerations; therefore, the reaction of methane and benzene 
to give toluene and hydrogen (the undesired path for this 
reaction), under the conditions used in this process, is not 
significant. It should be noted that for the case when a product 
is recycled with an unused reactant and the product does not 
react further, then a purge stream must be used to avoid the 
accumulation of product in the process. For the HDA process, 
the purge is the fuel gas containing the methane product and 
unused hydrogen, Stream 16, leaving the process. The recycle 
structure for the hydrogen and methane in the HDA process is 
illustrated in Figure 2.5. 


E-101 H-101 
hps 


R-101 C-101A/B 


Hydrogen Feed 


Figure 2.5 Recycle Structure of Hydrogen Stream in Toluene 
Hydrodealkylation Process. Methane Is Purged from the 
System via Stream 16. 


Recycle Feed and Product Together without a Purge 
Stream. This recycle scheme is feasible only when the product 
can react further in the reactor and therefore there is no need to 
purge it from the process. If the product does not react and it 
does not leave the system with the other products, then it would 
accumulate in the process, and steady-state operations could 
not be achieved. In the previous case, with hydrogen and 
methane, it was seen that the methane did not react further and 
that it was necessary to purge some of the methane and 


hydrogen in Stream 16 in order to prevent accumulation of 
methane in the system. 

An example where this strategy could be considered is again 
given in the toluene HDA process. Up to this point, only the 
main reaction between toluene and hydrogen has been 
considered: 


Cy Hg + Hy > Ce Hg + CH, 


toluene benzene 


However, even when using a catalyst that is very specific to 
the production of benzene, some amount of side reaction will 
occur. For this process, the yield of toluene for commercial 
processes is on the order of 98% to 99%. Although this is high, it 
is still lower than the 100% that was originally assumed. A very 
small amount of toluene may react with the hydrogen to form 
small-molecule, saturated hydrocarbons, such as ethane, 
propane, and butane. More important, a proportion of the 
benzene reacts to give a two ring aromatic, diphenyl: 

2C He = Cio Mio + H4 


benzene diphenyl 


The primary separation between the benzene and toluene in 
T-101 (see Figure 2.1) will remain essentially unchanged, 
because the light ends (hydrogen, methane, and trace amounts 
of C2—C4 hydrocarbons) will leave in the flash separators (V- 
102 and V-103) or from the overhead reflux drum (V-104). 
However, the bottoms product from T-101 will now contain 
toluene and essentially all the diphenyl produced in the reactor, 
because it has a much higher boiling point than toluene. It is 
known that the benzene/diphenyl reaction is equilibrium 
limited at the conditions used in the reactor. Therefore, if the 
diphenyl is recycled with the toluene, it will simply build up in 
the recycle loop until it reaches its equilibrium value. At steady 
state, the amount of diphenyl entering the reactor in Stream 6 
will equal the diphenyl in the reactor effluent, Stream 9. 
Because diphenyl reacts back to benzene, it can be recycled 
without purging it from the system. The changes to the 
structure of the process that would be required if diphenyl were 
produced are considered in Example 2.5. 


Example 2.5 


Consider the following two process alternatives for the 
toluene HDA process when the side reaction of benzene 
to form diphenyl occurs. 


Clearly for Alternative B, shown in Figure E2.5(b), an 
additional separator is required, shown here as a second 
distillation column T-102, along with the associated 
equipment (not shown) and extra utilities to carry out 
the separation. For Alternative A, shown in Figure 
E2.5(a), the cost of additional equipment is avoided, but 
the recycle stream (Stream 11) will be larger because it 


now contains toluene and diphenyl, and the utilities and 
equipment through which this stream passes (H-101, E- 
101, R-101, E-102, V-102, V-103, T-101, E-106) will all be 
greater. Which is the economically preferable 
alternative? 
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Figure E2.5(a) PFD for Alternative A in Example 2.5 
—Recycle of Diphenyl without Separation (E-101 and 
H-101 Not Shown) 


Diphenyl 


Figure E2.5(b) PFD for Alternative B in Example 2.5 
—Recycle of Diphenyl with Separation (E-101 and H- 
101 Not Shown) 


The answer depends upon the value of the 
equilibrium constant for the benzene-diphenyl reaction. 
If the equilibrium conversion of benzene is high, then 
there will be a large amount of diphenyl in the recycle 
and the costs to recycle this material will be high, and 
vice versa. The equilibrium constant for this reaction is 
given as 


4135.2 
T(K) 


InKeq = 1.788 — 


The exit conditions of the reactor can be estimated by 
assuming that the benzene-diphenyl reaction has 
reached equilibrium, a conservative assumption. Using 
this assumption and data from Table 1.5 for Stream 9, if x 
kmol/h of diphenyl is present in the reactor effluent, 
then 


Cio Aya] [H: 2 
Ca E 
[Co He]? (654 + 273) 


eq 


(x) (652.6 + a) 
(116 — 2a)? 


Solving for the only unknown gives x = 1.36 kmol/h. 
Thus, the toluene recycle, Stream 11, will be increased 
from 35.7 to 37.06 kmol/h, an increase of 4%, while the 
increases in Streams 4 and 6 will be approximately 0.1%. 
Based on this result, Alternative A will probably be less 
expensive than Alternative B. 


2.4.3 Other Issues Affecting the Recycle Structure That Lead to 
Process Alternatives 

There are many other issues that affect the recycle structure of 

the PFD. The use of excess reactant, the recycling of inert 

materials, and the control of an equilibrium reaction are some 

examples that are addressed in this section. 


How Many Potential Recycle Streams Are There? 
Consider first the reacting species that are of value. These are 
essentially all reactants except air and maybe water. Each 
reacting species that does not have a single-pass conversion 
>99% should be considered as a potential recycle stream. The 
value of 99% is an arbitrarily high number, and it could be 
anywhere from 90% to >99%, depending on the cost of raw 
materials, the cost to separate and recycle unused raw 
materials, and the cost of disposing of any waste streams 
containing these chemicals. 


How Does Excess Reactant Affect the Recycle 
Structure? When designing the separation of recycled raw 
materials, it is important to remember which reactant, if any, 
should be in excess and how much this excess should be. For the 
toluene HDA process, the hydrogen is required to be in excess 
in order to suppress coking reactions that foul the catalyst. The 
result is that the hydrogen:toluene ratio at the inlet of the 
reactor (from Table 1.5) is 735.4/144, or slightly greater than 
5/1. This means that the hydrogen recycle loop must be large, 
and a large recycle compressor is required. If it were not for the 
fact that this ratio needs to be high, the hydrogen recycle 
stream, and hence the recycle compressor, could be eliminated. 


How Many Reactors Are Required? The reasons for 
multiple reactors are as follows: 


e Approach to Equilibrium: The classic example is the synthesis of 
ammonia from hydrogen and nitrogen. As ammonia is produced in a 
packed-bed reactor, the heat of reaction heats the products and moves the 
reaction closer to equilibrium. By adding additional reactants between 
staged packed beds arranged in series, the concentration of the reactants is 
increased, and the temperature is decreased. Both these factors move the 
reaction away from equilibrium and allow the reaction to proceed further 
to produce the desired product, ammonia. 


e Temperature Control: If the reaction is mildly exothermic or 
endothermic, then internal heat transfer may not be warranted, and 
temperature control for gas-phase reactions can be achieved by adding a 
“cold (or hot) shot” between staged adiabatic packed beds of catalyst. This 
is similar to the ammonia converter described earlier. More information 
on the design of exothermic and endothermic reactions is given in Chapter 
22. 


e Concentration Control: If one reactant tends to form byproducts, then 
it may be advantageous to keep this reactant at a low concentration. 
Multiple side feeds to a series of staged beds or reactors may be 
considered. See Chapter 22 for more details. 


e Optimization of Conditions for Multiple Reactions: When several 
series reactions (A—R—S—T) must take place to produce the desired 
product (T) and these reactions require different catalysts and/or different 
operating conditions, then operating a series of staged reactors at different 
conditions may be warranted. 


Do Unreacted Raw Material Streams Need to Be 
Purified Prior to Recycling? The next issue is whether the 
components need to be separated prior to recycle. For example, 
if distillation is used to separate products from unused 
reactants, and if two of the reactants lie next to each other in a 
list of relative volatility, then no separation of these products is 
necessary. They can be simply recycled as a mixed stream. 


Is Recycling of an Inert Warranted? The components 
in the feed streams that do not react, that is, are inert, are 
considered next. Depending on the process, it may be worth 
recycling these streams. For example, consider the water feed to 
the absorber, Stream 8, in the acetone production process 
(Appendix B, Figure B.10.1). This water stream is used to absorb 
trace amounts of isopropyl alcohol and acetone from the 
hydrogen vent, Stream 5. After purification, the water leaves the 
process as a wastewater stream, Stream 15. This water has been 
purified in column T-1103 and contains only trace amounts of 
organics. An alternative process configuration would be to 
recycle this water back to the absorber. This type of pollution 
prevention strategy is discussed further in Chapter 27. 


Can Recycling an Unwanted Product or an Inert 
Shift the Reaction Equilibrium to Produce Less of an 
Unwanted Product? Another example of recycling an inert or 
unwanted product is to use that material to change the 
conversion and selectivity of an equilibrium reaction. For 
example, consider the production of synthesis gas (H, and CO) 
via the partial oxidation (gasification) of coal: 


CmHAn + (2 2) Oz + mCO + +H20 Partial oxidation 
Cm Hn + (m + a O> > mCO»z + 5420 Complete oxidation 
CO + H,O = CO, + H) Water-gas shift 
Coal, shown here simply as a mixture of carbon and 
hydrogen, is reacted with a substoichiometric amount of pure 


oxygen in a gasifier, and steam is added to moderate the 
temperature. The resulting mixture of product gases forms the 


basis of the synthesis gas. The carbon dioxide is an unwanted 
byproduct of the reaction and must be removed from the 
product stream, usually by a physical or chemi-physical 
absorption process. A viable process alternative is recycling a 
portion of the separated carbon dioxide stream back to the 
reactor. This has the effect of pushing the equilibrium of the 
water-gas shift reaction to the left, thus favoring the production 
of carbon monoxide. 


Is Recycling of an Unwanted Product or an Inert 
Warranted for the Control of Reactor Operation? As 
mentioned previously, for highly exothermic reactions such as 
the partial oxidation of organic molecules, it is sometimes 
necessary to add an inert material to the reactor feed to 
moderate the temperature rise in the reactor and/or to move 
the reacting components outside of the explosive (flammability) 
limits. The most often used material for this purpose is steam, 
but any inert material that is available may be considered. For 
example, in the coal gasification example given earlier, steam is 
used to moderate the temperature rise in the reactor. For the 
case of recycling carbon dioxide to affect the water-gas shift 
reaction, there is another potential benefit. The recycling of 
carbon dioxide reduces the amount of steam needed in the feed 
to the reactor, because the carbon dioxide can absorb heat and 
reduce the temperature rise in the reactor. 


What Phase Is the Recycle Stream? The phase of the 
stream to be recycled plays an important role in determining 
the separation and recycle structure of the process. For liquids, 
there are concerns about azeotropes that complicate the 
separations scheme. For gases, there are concerns about 
whether high pressures and/or low temperatures must be used 
to enable the desired separation to take place. In either case gas 
compression is required, and, generally, this is an expensive 
operation. For example, the use of membrane separators or 
pressure-swing adsorption requires that the gas be fed at an 
elevated pressure to these units. If separation of a gas (vapor) is 
to be achieved using distillation, then a portion of the gas must 
be condensed, which usually requires cooling the gas 
significantly below ambient temperatures. This cooling process 
generally requires the use of compressors in the refrigeration 
cycle and the lower the desired temperature, the more 
expensive is the refrigeration. Some typical refrigerants and 
their temperature ranges are given in Table 2.2. Because 
separations of gases require expensive, low-temperature 
refrigeration, they are avoided unless absolutely necessary. 


Table 2.2 Common Refrigerants and Their Ranges of 
Cooling (Data from References [12] and [13]) 


Typical Vapor 
Operating Pressure Critical Critical 
Temperature at 45°C Pressure Temperature 


Refrigerant Range (°C) (bar) (bar) (°C) 


Methane -129 to -184 749 46.0 -82.5 


| Ethane -59 to -115 1453 48.8 32.3 
| Ethylene -59 to -115 2164 50.3 9.3 
| Propane 4 to -46 15.3 42.5 96.7 
| Propylene 4 to -46 18.45 46.1 91.6 
| N-Butane 16 to -12 4.35 38.0 152.0 
| Ammonia 27 to -32 17.8 112.8 132.5 
Carbon 4 to -50 787 73.8 31.1 
Dioxide 
Methylene 4 to -12 1.21 60.8 236.9 
Chloride 
Methyl 4 to -62 9.84 66.8 143.1 
Chloride 
R-134a 4 to -50 11.6 40.6 101.0 
(4,1,1,2- 
tetrafluoro- 
ethane) 
R-152< (1,1- 4 to -50 10.4 45.0 113.5 
difluoro- 
ethane) 


Only refrigerants with critical temperatures above the 
typical cooling water condenser temperature of 45°C can be 
used in single-stage, noncascaded refrigeration systems. 
Therefore, such systems are usually limited to the range of 
-45°C to -60°C (for example using propylene, propane, or 
methyl chloride). For lower temperatures, refrigeration systems 
with two different refrigerants are required, with the lower- 
temperature refrigerant rejecting heat to the higher- 
temperature refrigerant, which in turn rejects heat to the 
cooling water. Costs of refrigeration are given in Chapter 8, and 
these costs increase drastically as the temperature decreases. 
For this reason, separations of gases requiring very low 
temperatures are avoided unless absolutely necessary. 

As a review of the concepts covered in this chapter, Example 
2.6 is presented to illustrate the approach to formulating a 
preliminary process flow diagram. 


Example 2.6 


Illustrative Example Showing the Input/Output 
and Recycle Structure Decisions Leading to the 
Generation of Flowsheet Alternatives for a 
Process 

Consider the conversion of a mixed feed stream of 
methanol (88 mol%), ethanol (11 mol%), and water (1 
mol%) via the following dehydration reactions: 


2CH;0H = (CH3),0+ H0 AH,eac = —11,770kJ /kmol 


methanol dimethylether(desiredproduct) 
2C,H;OH = (C2H5), O + H20 N Hrne m —11, 670kJ/kmol 
ethanol diethylether (valuableby-product) 
C,H;OH = C,H, + HO AH,eac = —1570 kJ/kmol 
ethanol ethylene(lessvaluableby-product) 


The reactions take place in the gas phase, over an 
alumina catalyst [14, 15], and are mildly exothermic but 
do not require additional diluents to control reaction 
temperature. The stream leaving the reactor (reactor 
effluent) contains the following components, listed in 
order of decreasing volatility (increasing boiling point): 


1. Ethylene (C,H,) 

. Dimethyl Ether (DME) 
. Diethyl Ether (DEE) 

. Methanol (MeOH) 

. Ethanol (EtOH) 

. Water (H20) 


au fw WN 


Moreover, because these are all polar compounds, with 
varying degrees of hydrogen bonding, it is not surprising 
that these compounds are highly nonideal and form a 
variety of azeotropes with each other. These azeotropes 
are as follows: 


e DME - H,O (but no azeotrope with significant presence of 
alcohol) 


e DME- EtOH 
e DEE - EtOH 
e DEE -H,O 

e EtOH - H,O 


For this problem, it is assumed that the mixed alcohol 
stream is available at a relatively low price from a local 
source ($0.75/kg). However, pure methanol ($0.672/kg) 
and/or ethanol ($1.138/kg) streams may be purchased if 
necessary. The selling prices for DME, DEE, and ethylene 
are $0.841/kg, $1.75/kg, and $1.488/kg, respectively. 
Preliminary market surveys indicate that up to 15,000 
tonne/y of DEE and up to 10,000 tonne/y of ethylene 
can be sold. 


For a proposed process to produce 50,000 tonne/y of 
DME, determine the viable process alternatives. 


Step 1: Batch versus Continuous 


For a plant of this magnitude, a continuous process 
would probably be chosen. However, this issue will be 
reviewed after considering some process alternatives and 
it will be seen that a hybrid batch/continuous process 
should also be considered. 


Step 2: Define the Input/Output Structure of the 
Process 


The basic input/output diagram of the process is shown 
in the process concept diagram of Figure E2.6(a). First, 
consider a material balance for the process and estimate 
the profit margin: 


Desired DME production = 50,000,000 kg/y 


_ 50 x 10° 


a = 1.087 x 10°kmol/y 


dimethyl ether (desired product) 


Ethylene 


Methanol 7 
Dimethyl ether 


2CH,OH = (CH,),O H,O 
methanol dimethyl ether (desired product) 
2C,H,OH “= (C,H.),O + H,O 

ethanol dimethyl ether (desired product) 
GH.OH =C,H,+ H,O 
ethanol ethylene (undersired product) 


Diethyl ether 


Ethanol Methanol 


Ethanol 
Water 


Water 
> 


Figure E2.6(a) Process Concept Diagram for the 
Mixed Ethers Process of Example 2.6 


Required MeOH feed = (2)(1.087 x 10°) = 2.174 x 10° 
kmol / y 


EtOH feed entering with methanol 


2.174 x 10° 
= (a) = 0.2718 x 10°kmol/y 
.2718 x 10° 
Maximum DEE production = a 


= 0.1309 x 10°kmol/yor9.69 x 10°tonne/y 


Maximum ethylene production = 0.2718 x 10° kmol/y or 
7.61 x 10° tonne/y 


Cost of feed 
= ((2.174 x 10°)(30) + (0.2718 x 10°)(46) 


(2.174x 10°) 
a (18)) 


(0.75) = $58.62 x 10° 


Value of DME = (50x 10°)(0.841) = $42.05x10°/y 
Value of DEE (maximum production) = (0.1309 x 10°) 
(74)(1.75) = $16.95 x 10°/y 

Value of ethylene (maximum production) = (0.2718 x 
10°)(28)(1.488) = $11.32x10°/y 

Margin will vary between (42.05 + 16.95 — 58.62) = 
$0.38 million and (42.05 + 11.32 — 58.62) = -$5.24 
million per year. 


Important Points 


From this margin analysis, it is clear that the amount of 
DEE produced should be optimized, because making 
ethylene is far less profitable. In addition, the maximum 
amount of DEE that the market can support is not 


currently being produced. Therefore, supplementing the 
feed with ethanol should be considered. 

Because the main feed stream contains both reactants 
and an impurity (water), separation or purification of the 
feed prior to processing should be considered. 

In order to minimize the production of byproducts 
(ethylene), the selectivity of the DEE reaction should be 
optimized. 


Alternative 1 


In this option, shown in Figure E2.6(b), the mixed 
alcohol feed is not separated, but feed is supplemented 
with ethanol. One reactor is used for both reactions. The 
disadvantages of this case are that the separations are 
complicated and the reactor for both DME and DEE 
production cannot be optimized easily. 
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Figure E2.6(b) Structure of Process for Alternative 1 
in Example 2.6 


Alternative 2 


In this option, shown in Figure E2.6(c), feed is 
supplemented with ethanol and is separated into 
separate methanol and ethanol streams. Two reaction 
trains are used: one for DME and the other for DEE 
production. This allows the production of DME and DEE 
to be optimized separately and eliminates problems 
associated with the DME-ethanol azeotrope. However, 
there are two reactors and at least one more separation 
(column). 
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Figure E2.6(c) Structure of Process for Alternative 2 
in Example 2.6 


Alternative 3 


This option is a hybrid between batch and continuous 
processes. The methanol is continuously separated from 
ethanol in the first column. However, the same 
equipment is used to produce both DME and DEE but at 
different times. The equipment is run in two “campaigns” 
per year. In the first campaign (Figure E2.6[d]), DME is 
produced and ethanol is stored for use in the second 
campaign. 


Regyde 
Methanol 
from Storage 


Reactor Feed li Alcohol > Separator Feed 


Preparation Reactor Preparation 
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I F 
Feed Separation 

a Section 
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I 


Product Separator Section 
(first column not used 
during DME production) 


Wastewater 
Treatment 


Figure E2.6(d) Structure of Process for Alternative 3 
—DME Campaign in Example 2.6 


In the second campaign, shown in Figure E2.6(e), 
methanol is sent to storage, and ethanol is taken from 
storage to produce DEE and ethylene using the same 
equipment that was used to produce DME. For this part 
of the campaign, the first column is used to remove the 
ethylene. 


Wastewater 
Treatment 


Figure E2.6(e) Structure of Process for Alternative 3 
—DEE Campaign in Example 2.6 


For this option, there is significantly less equipment to 
buy. However, the design and optimization of the process 
are more complicated because the equipment must be 
designed to perform two separate and quite different 
functions. 


2.5 STEP 4—GENERAL STRUCTURE OF 
THE SEPARATION SYSTEM 


As pointed out previously, the structure of the separation 
sequence is covered in detail in Chapter 12. In that chapter, 
considerable emphasis is placed on the sequencing of 
distillation columns, and some of the problems associated with 
azeotropic systems are covered. 


2.6 STEP 5—HEAT-EXCHANGER 
NETWORK OR PROCESS ENERGY 
RECOVERY SYSTEM 


The main objective of process energy recovery is to optimize the 
energy that a process exchanges with the utilities. At the 
expense of capital investment, the utility usage can be decreased 
by exchanging energy between process streams. The amount of 
energy integration is a function of the relative costs of the 
utilities. In addition, the process becomes more complex and 
more difficult to control. This loss in flexibility must be weighed 
against the savings in operating costs. These and other issues 
are covered in more detail in Chapter 15. 


2.7 INFORMATION REQUIRED AND 
SOURCES 


In formulating a process flow diagram, one of the most 
important tasks is the collection and synthesis of data. These 
data are available in a wide variety of publications. As a guide, a 
summary of useful resources is presented in Table 2.3. The data 
in this table are partitioned into information pertaining to new 
and existing processes and data on new and existing chemical 
pathways. 


Table 2.3 Summary of Resources for Obtaining 
Information on Chemical Processes 


Resource Information Available 


Existing Processes 


Shreve’s 
Chemical 
Process 
Industries 
[16] 


Refinery 
Processes 
Handbook 
[17] 


Gas Processes 
Handbook 
[18] 


Petrochemical 
Processes 
Handbook 
[19] 


Kirk-Othmer 
Encyclopedia 
of Chemical 
Technology 
[20] 


Encyclopedia 
of Chemical 
Processing 
and Design 
[21] 


Gives a good review of basic processes to produce a 
wide variety of chemicals. Both organic and inorganic 
chemicals are covered. 


Published every other year in Hydrocarbon 
Processing. Gives basic block flow diagrams and 
operating cost and capital investment data for a wide 
range of refinery operations. 


Published every other year in Hydrocarbon 
Processing. Gives basic block flow diagrams and 
operating cost and capital investment data for a wide 
range of gas processing operations. 


Published every other year in Hydrocarbon 
Processing. Gives basic block flow diagrams and 
operating cost and capital investment data for a wide 
range of gas petrochemical operations. 


Comprehensive 25-volume encyclopedia has 
background information and PFDs for a wide variety 
of organic and inorganic chemical processes. 


Comprehensive 20-volume encyclopedia contains 
background information on a variety of chemical 
processes. Many solutions to previous AIChE student 
contest problems are published as case studies. 


Reaction and Kinetics 


Chemical 


Reactor 
Design for 
Process Plants 
[22] 


Industrial 
and 
Engineering 
Chemistry 
Research 


Journal of 
Catalysis— 
Academic 
Press 
Applied 
Catalysis— 
Elsevier 
Catalysis 
Today— 
Elsevier 


Patents 


Vol. 2 has several excellent case studies for processes, 
including reaction kinetics and reactor designs. 


This journal is published monthly by the American 
Chemical Society and contains numerous research 
articles containing information about processes and 
reaction kinetics. 


These (and other) journals concentrate on research 
conducted into the field of heterogeneous catalysis. 
Kinetic expressions and activity data are given for 
many processes of industrial importance. 


The patent literature contains a wealth of information 
about new processes. Typically, single-pass 
conversions and catalyst activities are given. However, 
reaction kinetics are generally not provided and may 


not be derived easily from patent data. An excellent 
on-line patent search engine is at 
http://www.delphion.com. 


SRI Reports Excellent source of background information on all 
aspects of processes. Unfortunately, this information 
is available only to industrial clients of this service. 


2.8 SUMMARY 


In this chapter, the development of a process flow diagram has 
been investigated. The first step in synthesizing a PFD was to 
establish and examine all possible chemical routes that form the 
desired product(s). The next step was to establish whether the 
process should operate in a batch or continuous manner. 
Guidelines to make this decision were presented in Table 2.1. 
The next step was to establish the input/output structure of the 
process. A process concept diagram was introduced that only 
required the identification of the raw materials, products, and 
stoichiometry of all the reactions that take place. At the process 
level, it was shown that all processes possess the same basic 
structure given in the generic block flow diagram. 

The recycle structure of the PFD was introduced, and the 
three basic methods of recycle were discussed. Reasons and 
examples were provided to illustrate why inert material or 
products are sometimes recycled with unreacted raw materials. 
Difficulties in separating streams of products and reactants 
were given, and these were shown to influence the recycle 
structure and type of separation used. 


The separation of products and unreacted raw materials and 
the integration of energy were covered briefly and are covered 
in greater depth in Chapters 12 and 15, respectively. An example 
showing how process alternatives are generated using the 
methods outlined in this chapter was provided, and several 


process alternatives were illustrated for this example using 
generic block flow diagrams. Finally, a list of resources was 
presented to help guide the reader to obtain basic data on 
chemical reactions and processes. 


WHAT YOU SHOULD HAVE LEARNED 

e The first choice is whether to use batch or continuous operation. 
e Continuous chemical processes have a general structure: 

e Input-output 

e Recycle 

e Separation 
e The input-output structure of a continuous chemical process consists of 

e Reactor feed preparation 

e Reactor 

e Separation feed preparation 

e Separation 


e Recycle 


| e Environmental control | 
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SHORT ANSWER QUESTIONS 


1. What are the five elements of the hierarchy of process 
design? 


2. What are the three types of recycle structures possible in a 
chemical process? Explain when each is used. 


3. Give three criteria for choosing a batch process as opposed 
to a continuous process. 


4. When would one purposely add an inert material to a feed 
stream? Illustrate this strategy with an example, and explain 
the advantages (and disadvantages) of doing this. 


5. In general, when would one purify a material prior to 
feeding it to a process unit? Give at least one example for 
each case you state. 


PROBLEMS 


6. In modern integrated gasification combined cycle (GCC) 
coal-fed power plants, oxygen is produced via cryogenic 
separation of air and is fed to the IGCC plant along with 
coal. The separation of oxygen from air is expensive; what 
reason(s) can you give for doing this? 


7. The production of ethylbenzene is described in Appendix B, 
Project B.2. From the PFD (Figure B.2.1) and accompanying 
stream table (Table B.2.1), determine the following: 


1. The single-pass conversion of benzene 
2. The single-pass conversion of ethylene 
3. Overall conversion of benzene 


4. Overall conversion of ethylene 


Suggest two strategies to increase the overall conversion of 
ethylene and discuss their merits. 


8. Consider the following statement: “If a reactant (G) ina 
process is a gas at the feed conditions, subsequent 
separation from the reactor effluent is difficult, hence 
unused G cannot be recycled.” Do you agree with this 
statement? Give your reasoning why you agree or disagree. 


9. Most pharmaceutical products are manufactured using 
batch processes. Give at least three reasons why this is so. 


10. The formation of styrene via the dehydrogenation of 
ethylbenzene is a highly endothermic reaction. In addition, 


ethylbenzene may decompose to benzene and toluene and 
also may react with hydrogen to form toluene and methane: 


1 
Cs. H5CoHs = CeHsC2H3+ Ho 


ethylbenzene 2 styrene hydrogen 
(B.2.1) 
3 
Cs H; Co H5 > Ce He + Co H4 
ethylbenzene benzene ethylene 
(B.2.2) 
4 
Cs H;Co H5 + Ho — Ce H6CH; + CH, 
ethylbenzene hydrogen toluene methane 
(B.2.3) 


This process is presented in Appendix B as Project B.3 From 
the information given in Appendix B, determine the 
following: 


1. The single-pass conversion of ethylbenzene 
2. The overall conversion of ethylbenzene 
3. The yield of styrene 


Suggest one strategy to increase the yield of styrene, and 
sketch any changes to the PFD that this strategy would 
require. 


11. There are two technically viable routes to the production of a 
hydrocarbon solvent, S, starting with feed material A. Route 
1 uses a disproportionation reaction, in which feed material 
A is converted to the desired solvent S and another solvent 
R, both of which are marketable products. Route 2 starts 
with the same chemical A but uses a hydrodealkylation 
reaction to produce the desired solvent. The reaction 
schemes for each process are shown below. 


Routel 2A — S+R 
Route2 A+ Hə > S+ CH, 


Assuming that pure A is fed to the process, the solvents S 
and R are separable by simple distillation, and both are 
much less volatile than either methane or hydrogen, sketch 
PFDs for Routes 1 and 2. Which process do you think will be 
more profitable? Explain your reasoning and assumptions. 


12. When considering the evolution of a process flowsheet, it 
was noted that there are three forms of recycle structure for 
unused reactants, given as a—c below. For each case, 
carefully explain under what conditions you would consider 
or implement each strategy. 


1. Separate, purify, and recycle 
2. Recycle without separation and use a purge 


3. Recycle without separation and do not use a purge 


13. Acetaldehyde is a colorless liquid with a pungent, fruity 
odor. It is primarily used as a chemical intermediate, 
principally for the production of acetic acid, pyridine and 
pyridine bases, peracetic acid, pentaeythritol, butylene 
glycol, and chloral. Acetaldehyde is a volatile and flammable 
liquid that is miscible in water, alcohol, ether, benzene, 
gasoline, and other common organic solvents. In this 
problem, the synthesis of acetaldehyde via the 


1. 
2 
3. Butanol 2% 
4 


pa 


dehydrogenation of ethanol is to be considered. The 
following reactions occur during the dehydrogenation of 


ethanol: 


CH;CH,OH ar CH3;CHO + Hə 
acetaldehyde 


(1) 
2CH3;CH,OH — CH3;COOC, Hs + 2H» 


ethylacetate 
(2) 
2CH3CH,OH —> CH3(CH2),0H + H,O 


butanol 
(3) 


aceticacid 


(4) 


The single-pass conversion of ethanol is typically 60%. The 
yields for each reaction are approximately: 


Acetaldehyde 92% 
. Ethyl acetate 4% 


. Acetic acid 2% 


. For this process, generate a process concept diagram showing all the 
input and output chemicals. 


2. Develop two alternative preliminary process flow diagrams for this 


14. 


process. 


Consider the following process in which liquid feed material 
A (normal BP of 110°C) is reacted with gaseous feed material 
G to produce main product C and byproducts R and S via the 
following reactions: 


A+GoC+S 
GiCroR 


Both feeds enter the process at ambient temperature and 
pressure. Both reactions occur in the gas phase at moderate 
temperature and pressure (250°C and 10 bar). The normal 
boiling points of G, S, and C are less than —120°C. Byproduct 
R has anormal boiling point of 75°C and is highly soluble in 
water. Product C is very soluble in water but G and S are 
insoluble. The single-pass conversion through the reactor is 
low for feed A, and the ratio of G to A in the feed to the 


reactor should be maintained in excess of 4 to minimize the 
chance of other unwanted side reactions. Using this 
information, and assuming that both A and G are expensive, 
do the following: 


m 


. Draw a preliminary process flow diagram identifying the main unit 
operations (reactors, compressors, pumps, heat exchangers, and 
separators), and identify the recycle structure of the process. 

2. Justify the methods used to recycle A and G. 

3. What unit operations do you suggest for your separators? Justify your 

choices. 

4. How would your PFD change if the price of feed material G were very 

low? 


15. How is Scotch whisky made? 


The following descriptions of malt and grain whisky 
manufacturing are given here courtesy of the University of 
Edinburgh at 
http://www.dcs.ed.ac.uk/home/jhb/whisky/swa/chap3.html. 
For each of the two processes, sketch a process flow 

diagram. 


There are two kinds of Scotch whisky: malt whisky, which is 
made by the pot still process, and grain whisky, which is 
made by the patent still (or Coffey still) process. Malt whisky 
is made from malted barley only, whereas grain whisky is 
made from malted barley together with unmalted barley and 
other cereals. 


Malt Whisky 


The pot still process by which malt whisky is made may be 
divided into four main stages: malting, mashing, 
fermentation, and distillation. 


(a) Malting 


The barley is first screened to remove any foreign matter 
and then soaked for two or three days in tanks of water 
known as steeps. After this it is spread out on a concrete 
floor known as the malting floor and allowed to 
germinate. Germination may take from 8 to 12 days 
depending on the season of the year, the quality of the 
barley used, and other factors. During germination the 
barley secretes the enzyme diastase, which makes the 
starch in the barley soluble, thus preparing it for 
conversion into sugar. Throughout this period the barley 
must be turned at regular intervals to control the 
temperature and rate of germination. 


At the appropriate moment germination is stopped by 
drying the malted barley or green malt in the malt kiln. 
More usually nowadays malting is carried out in Saladin 
boxes or in drum maltings, in both of which the process 
is controlled mechanically. Instead of germinating on the 
distillery floor, the grain is contained in large rectangular 


boxes (Saladin) or in large cylindrical drums. 
Temperature is controlled by blowing air at selected 
temperatures upward through the germinating grain, 
which is turned mechanically. A recent development 
caused by the rapid expansion of the Scotch whisky 
industry is for distilleries to obtain their malt from 
centralized maltings that supply a number of distilleries, 
thereby enabling the malting process to be carried out 
more economically. 


(2) Mashing 


The dried malt is ground in a mill, and the grist, as it is 
now called, is mixed with hot water in a large circular 
vessel called a mash tun. The soluble starch is thus 
converted into a sugary liquid known as wort. This is 
drawn off from the mash tun, and the solids remaining 
are removed for use as cattle feed. 


(3) Fermentation 


After cooling, the wort is passed into large vessels 
holding anything from 9000 to 45,000 liters of liquid, 
where it is fermented by the addition of yeast. The living 
yeast attacks the sugar in the wort and converts it into 
crude alcohol. Fermentation takes about 48 hours and 
produces a liquid known as wash, containing alcohol of 
low strength, some unfermentable matter, and certain 
byproducts of fermentation. 


(4) Distillation 


Malt whisky is distilled twice in large copper pot stills. 
The liquid wash is heated to a point at which the alcohol 
becomes vapor. This rises up the still and is passed into 
the cooling plant, where it is condensed into liquid state. 
The cooling plant may take the form of a coiled copper 
tube or worm that is kept in continuously running cold 
water, or it may be another type of condenser. 


The first distillation separates the alcohol from the 
fermented liquid and eliminates the residue of the yeast 
and unfermentable matter. This distillate, known as low 
wines, is then passed into another still, where it is 
distilled a second time. The first runnings from this 
second distillation are not considered potable, and it is 
only when the spirit reaches an acceptable standard that 
it is collected in the spirit receiver. Again, toward the end 
of the distillation, the spirit begins to fall off in strength 
and quality. It is then no longer collected as spirit but 
drawn off and kept, together with the first running, for 
redistillation with the next low wines. 


Pot-still distillation is a batch process. 


Grain Whisky 


The patent still process by which grain whisky is made is 
continuous in operation and differs from the pot still process 
in four other ways. 


. The mash consists of a proportion of malted barley together with 
unmalted cereals. 


. Any unmalted cereals used are cooked under steam pressure in converters 
for about 31/2 hours. During this time the mixture of grain and water is 
agitated by stirrers inside the cooker. 

. The starch cells in the grain burst, and when this liquid is transferred to 
the mash tun, with the malted barley, the diastase in the latter converts 
the starch into sugar. 


. The wort is collected at a specific gravity lower than in the case of the pot 
still process. 


. Distillation is carried out in a patent or Coffey still, and the spirit collected 
at a much higher strength. 


Storage and aging of the whisky are also an important part 
of the overall process but need not be considered for this 
problem. Storage occurs in oak barrels that previously stored 
either sherry or bourbon (or both, in the case of double-aged 
whisky). The length of storage in the barrel determines the 
vintage of the whisky. Unlike wine, the time after bottling 
does not count, and so a 15-year-old scotch that was bought 
in 1960 is today still a 15-year-old scotch. 


Chapter 3: Batch Processing 


WHAT YOU WILL LEARN 


Batch processing is very different from continuous processing. 


The design equations are different and require the solution of transient 
balances. 


Scheduling of equipment is important. 


There are different types of scheduling patterns. 


Some key reasons for choosing to manufacture a product using 
a batch process were discussed in Chapter 2. These include 
small production volume, seasonal variations in product 
demand, a need to document the production history of each 
batch, and so on. When designing a batch plant, there are many 
other factors an engineer must consider. The types of design 
calculations are very different for batch compared with 
continuous processes. Batch calculations involve transient 
balances, which are different from the steady-state design 
calculations taught in much of the traditional chemical 
engineering curriculum. Batch sequencing—the order and 
timing of the processing steps—is probably the most important 
factor to be considered. Determining the optimal batch 
sequence depends on a variety of factors. For example, will 
there be more than one product made using the same 
equipment? What is the optimal size of the equipment? How 
long must the equipment run to make each different product? 
What is the trade-off between economics and operability of the 
plant? In this chapter, these questions will be addressed, and an 
introduction to other problems that arise when considering the 
design and operation of batch processes will be provided. 


3.1 DESIGN CALCULATIONS FOR BATCH 
PROCESSES 


Design calculations for batch processes are different from the 
steady-state design calculations taught in most unit operations 
classes. The batch nature of the process makes all the design 
calculations unsteady state. This is best demonstrated by 
example; Example 3.1 illustrates the types of design calculations 
required for batch processing. 


Example 3.1 


In the production of an API (active pharmaceutical 
ingredient), the following batch recipe is used. 


Step 1: 500 kg of reactant A (MW = 100 kg/kmol) is 


added to 5000 kg of a mixture of organic solvent (MW = 
200 kg/kmol) containing 60% excess of a second 
reactant B (MW = 125 kg/kmol) in a jacketed reaction 
vessel (R-301), the reactor is sealed, and the mixture is 
stirred and heated (using steam in the jacket) until the 
temperature has risen to 95°C. The density of the 
reacting mixture is 875 kg/m? (time taken = 1.5 h). 

Step 2: Once the reaction mixture has reached 95°C, 
a solid catalyst is added, and reaction takes place while 
the batch of reactants is stirred. The required conversion 
is 94% (time taken = 2.0 h). 

Step 3: The reaction mixture is drained from the 
reactor and passed through a filter screen (Sc-301) that 
removes the catalyst and stops any further reaction (time 
taken = 0.5 h). 

Step 4: The reaction mixture (containing API, 
solvent, and unused reactants) is transferred to a 
distillation column, T-301, where it is distilled under 
vacuum. Virtually all of the unused reactants and 
approximately 50% of the solvent are removed as 
overhead product (time taken = 3.5 h). The end point for 
the distillation is when the solution remaining in the still 
contains less than 1 mol% of reactant B. This ensures that 
the crystallized API, produced in Step 5, meets 
specification. 

Step 5: The material remaining in the still is pumped 
to a crystallizer, CR-301, where the mixture is cooled 
under vacuum and approximately 60% of the API from 
Step 2 crystallizes out (time taken = 2.0 h). 

Step 6: The API is filtered from the crystallizer and 
placed in a tray dryer, TD-301, where any entrapped 
solvent is removed (time taken = 4 h). 

Step 7: The dried API is sealed and packaged in a 
packing machine, PK-301, and sent to a warehouse for 
shipment to the customer (time taken = 1.0 h). 

Perform a preliminary design on the required 
equipment items for this batch process. 


Solution 


The equipment items will be designed in sequence. 


Step 1: Reaction Vessel— Preheat 


The reaction vessel, which is used to preheat the 
reactants and subsequently run the reaction, is designed 
first. For the batch size specified, the volume of the liquid 
in the tank, V, and the volume required for the reaction 
vessel, Viank, are given by Equations (E3.1a) and (E3.1b), 
in which it is assumed that the vessel is approximately 
60% full during operation. 


5500[kg] 


= a 6.286m* 
875[kg/m* | 


(E3.1a) 


5500[kg] ‘ 
ee 1 Asa So 768 eal 
875[kg/m?] 0.6 


required — 
(E3.1b) 


Because reactors of this sort come in standard sizes, a 
3000 gal (Vank) reactor is selected. 

The heat transfer characteristics of this vessel are 
then checked. For a jacketed vessel, the unsteady-state 
design equation is 


dT 


pVC, “dt 


= UA (T, —T) 
(E3.1c) 


where p is the liquid density, Cp is the liquid heat 
capacity, T is the temperature of the liquid in the tank 
(95°C is the desired value in 1.5 h), U is the overall heat 
transfer coefficient from the jacket to the liquid in the 
tank, A is the heat transfer area of the jacket (cylinder 
surface), and T; is the temperature of the condensing 
steam. (Normally, there is also a jacketed bottom to such 
a vessel, but this added heat transfer area is ignored in 
this example for simplification.) Integration of this 


equation yields 
pE Trima) _ _ UAAt 
T:-T) NVO 
(E3.1d) 


where T, is the initial temperature in the tank (assumed 
to be 25°C). The following “typical” values are assumed 
for this design: 

Cp = 2000 J/kg°C 

T; = 120°C (200 kPa Saturated Steam) 

U = 300 W/m™°C 

Tank Height to Diameter Ratio = 3/1 (so H = 3D) 


Assuming the tank to be cylindrical and ignoring the volume 
of the bottom elliptical head, the tank volume is Vank = nD°H/4 
= 3nD°/4. Thus, the tank diameter, D, is 1.689 m. The height of 
fill is Hay = 4V/ (nD?) = 2.806 m. The area for heat transfer is A 
= nDHfiu = 14.89 m?, because it was assumesd there was 
negligible heat transfer to the vapor space. When these values 
are used in Equation (E3.1d), it is found that the time required 
for preheating the reactor, At, is 3288 s (55 min). Thus, the step 
time requirement of 1.5 h for this step is met. The additional 
time is required for filling, sealing, and inspecting the vessel 
prior to heating. It should be noted that there may be process 


issues that require a slower temperature ramp, which can be 
accomplished by controlling the steam pressure. Note also that 
it is assumed that the time requirement for cleaning the vessels 
in this example is included in the step times given in the 
problem statement. 


Step 2: Reaction Vessel—Reaction 


It is assumed that the reaction of one mole each of A and B to 
form one mole of the product is second order (first order in each 
reactant) and that the rate constant is 7.09 x 10 4 m?/kmol s. 
The relationship for a batch reactor is 


dC'4 


a= ~ RCaCe (E3.1e) 


where A and B are the two reactants, and A is the limiting 
reactant. The standard analysis for conversion in a reactor 
yields Equations (E3.1f—h): 


Gea CVX (E3.1£) 
Cz = Cay (0 — X) (E3.1g) 
dX 


-i 74C% (1 - X) (0 - X) 
(E3.1h) 


where C4, = (500 kg/100 kg/kmol)(875 kg/mĉ)/5500 kg = 
0.796 kmol/m®. Because reactant B is present in 60% excess, © 
= 1.6. The desired conversion, Xfinqi, is 0.94. Integration of 
Equation (E3.1h) with an initial condition of zero conversion at 
time zero yields 


1 [inp OP Za] _ nc, At 
Oa t= x aa 
(E3.1i) 


When all of the values are inserted into Equation (E3.1i), the 
time (At) is found to be 7082 s, or 118 min, which is just less 
than the desired 2 h allotted for the reaction. For simplicity, the 
additional reaction time that occurs after the mixture leaves the 
reactor until the catalyst is removed from the reacting mixture 
has been ignored. 


Step 3: Draining Reaction Vessel and Catalyst 
Filtration 


This step will be modeled as a draining tank, which may 
significantly underestimate the actual required time for 
draining and filtering. In reality, experimental data on the filter 
medium and inclusion of the exit pipe frictional resistance 
would have to be included to determine the actual time for a 
specific tank. Generally, the filter is the bottleneck in such a 
step. Here, a 2-in schedule-40 exit pipe, with a cross-sectional 
area of 0.00216 m’, is assumed. 

For a draining tank, the model is 


dm _a(pAH) a A 
a we. M a 
(E3.1j) 


where p is the density of the liquid in the tank, A; is the cross- 
sectional area of the tank, H is the height of liquid in the tank, 
A, is the cross-sectional area of the exit pipe, and v, is the 
velocity of liquid in the exit pipe, which, from Bernoulli’s 
equation (turbulent flow), is (2gH)””, where g is the 
gravitational acceleration. Therefore, Equation (E3.1j) becomes 


dH (29)? A, _, 
— = P y! B3.1k 
dt Ay ( ) 
Integrating from H = 2.806 m at t = o to find the time when H = 
o yields 
0 0.5 24,0.5 
ög _ 2° (9.81[m/s"]) C w 
2.806m ZEOT 


(E3.11) 


which gives At = 785 s = 13 min, which is rounded up to 30 
minutes for this step. Note that this time can be further reduced 
by pressurizing the vessel with an inert gas. 


Step 4: Distillation of Reaction Products 


A material balance on the reactor at the end of Step 2 yields the 


following: 
Component, kmoles Xi MW mass 
i (kg) 
Reactant A = (1 — 0.94)(5.0) = 0.3 0.0106 100 30.0 
Reactant B = (1.6)(5) — (5.0 — 0.3) = 0.1166 125 412.5 

3:3 

Solvent S 20.0 0.7067 200 4000.0 
Product P = (0.94)(5.0) = 4.7 0.1661 225 1057.5 
Total 28.3 1.0000 5500.0 


Initially, the reaction mixture is heated to its boiling point of 
115°C at the operating pressure. This is done by condensing 
steam in a heat exchanger located in the still of the column. The 
time to heat the mixture from 95°C (the temperature leaving the 
reactor, assuming no heat loss in the filter) to 115°C is given by 
Equation (E3.1d) with the following variable values: 

T, = 120°C 

p = 875 kg/m? 

Cp = 2000 J/kg°C 

U = 420 W/m*°C 

A=10m> 


Solving for the unknown time gives t = 4215 s = 70.3 min. 


The distillation is performed using a still with three theoretical stages (N = 3), a boil-up rate, V = 30 kmol/h, and a reflux ratio, R 
= 4.5. The volatilities of each component relative to the product are given as follows: 


QAP — 3.375 
Opp = 2.700 
asp — 1.350 
App — 1.000 


The solution methodology involves a numerical integration using the method of Sundaram and Evans [1]. The overall material 
and component balances are given by 


or in finite difference form, 


we) = w — ( v ) At 


14+R 
E3.1 
d(Waw,) _ dw l ™) 
ae ED ae 
or in finite difference form, 
(k+1) _ yk) 
(k+1) _ (k) Œ o W 


where W is the total moles in the still; xp, and xj, are the mole fractions of component i, at any time t, in the overhead product 
and in the still, respectively; k is the index for time in the finite difference representation; and At is the time step. These 
equations are solved in conjunction with the sum of the gas-phase mole fraction equaling unity and the Fenske-Underwood- 
Gilliland method for multicomponent distillation. This leads to the following additional equations: 


z Lp, 
TD, = m W, andz p, = TW, ( D; ) g am (E3.10) 
Wi 
> ewan" 
i=1 
aie — Qie N — Non R — Ronin \ 05068 
Rmin = a as =S a = 0.75 |1 — (7) 


C 
(aic — 1) yeu ae 
i=l 


where Rmin and N min are the minimum values for the reflux ratio and the number of theoretical stages, respectively. The solution 
of these equations is explained in detail by Seader and Henley [2], and the results for this example are shown in Figures E3.1(a) 


and E.3.1(b). 


28 Product, P 


in Still (%) 


Total Still Contents, W 


Total Contents of Still, W (kmol) 
Yield of Product (P) and Solvent (S) 
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Figure E3.1(a) Change of Still Contents and Yields of P and S with Time 
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Figure E3.1(b) Change in Composition of Still Material with Time 
From Figures E3.1(a) and (b), the mole fraction of reactant B is seen to drop to less than the specification of 0.01 (1 mol%) at a 
time of approximately 2.3 h. This time, coupled with the heating time of 70.2 min, gives a total of 3.5 h. However, note that 
only about 75% of the product remains in the still to be recovered in the next step. 
Step 5: Cooling and Crystallization of Product 
The analysis of the crystallization, filtration, drying, and packaging steps is beyond the scope of this analysis. Therefore, it is 
assumed that the times for each of these steps have been determined through laboratory-scale experiments, and those times are 
simply stated here. The amount of product crystallized is 80% of the product recovered from the still, or 60% of the 1057.5 kg 
produced in the reactor (634.5 kg). The time required to cool and crystallize is 2 h. 
Step 6: Filtration and Drying 
The time required for filtration and drying is 4 h. 
Step 7: Packaging 
The time required for packaging is 1 h. 
There are several unique features of batch operations observed in Example 3.1. First, the heating, reaction, and separations steps 
are unsteady state, which is different from the typical steady-state analysis with which most undergraduate chemical engineers 


are familiar. Secondly, it is observed that no provision was made to recycle the unreacted raw materials. In Chapter 2, recycle 
was shown to be a key element of a steady-state chemical process. Raw materials are almost always the largest item in the cost 
of manufacturing; therefore, recycling unreacted raw materials is essential to ensure profitability. So, how is this done in a batch 
process? In Example 3.1, the overhead product from the batch distillation contains unreacted raw material and product in the 
solvent. This could be sent to a holding tank and periodically mixed with a stream containing pure solvent and just enough 
reactants A and/or B to make up a single charge to the process in Step 1. However, the recycling of product to the reactor would 
have to be investigated carefully to determine whether unwanted side reactions take place at higher product concentrations. 
Even though an additional tank would need to be purchased, it is almost certain that the cost benefit of recycling the raw 
materials would far outweigh the cost of the additional tank. Third, it is observed that, overall, only 60% of the product made in 
the reactor is crystallized out in Step 5. This means that the mother liquor (solution containing product to be crystallized after 
some has crystallized out) contains significant amounts of valuable product. Additional crystallization steps could recover some, 
if not most, of the valuable product. The strategy for accomplishing this could be as simple as scheduling a second or third 
cooling or crystallization step, or it could involve storing the mother liquor from several batch processes until a sufficient 
volume is available for another cooling or crystallization step. These additional crystallization steps are tantamount to adding 
additional separation stages. 

3.2 GANTT CHARTS AND SCHEDULING 

Gantt charts (see, for example, Dewar [3]) are tabular representations used to illustrate a series of tasks (rows) that occur over a 
period of time (columns). These charts graphically represent completion dates, milestone achievements, current progress, and so 
on [3] and are discussed further in Chapter 28 as a planning tool for completing large design projects. In this chapter, a 
simplified Gantt chart is used to represent the scheduling of equipment needed to produce a given batch product. Example 3.2 
illustrates the use of Gantt charts to show the movement of material as it passes through several pieces of equipment during a 
batch operation. 

Example 3.2 

Draw a Gantt chart that illustrates the sequence of events in the production of the API in Example 3.1. 

Solution 

Gantt charts for this process are shown in Figure E3.2. Note that in both charts, Steps 1 and 2 have been consolidated into one 
operation because they occur sequentially in the same piece of equipment. The top chart shows the row names as tasks, and the 
bottom figure simply identifies each row with the equipment number. In general, the notation used in the bottom figure will be 
adopted. 
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Figure E3.2 Gantt Chart Showing Sequence of Events for the Manufacture of API in Example 3.1 
3.3 NONOVERLAPPING OPERATIONS, OVERLAPPING OPERATIONS, AND CYCLE TIMES 
In general, product is produced throughout an extended period of time by using a repeating sequence of operations. For 


example, the batch process described in Example 3.1 produces a certain amount of crystallized API, namely, 634.5 kg. If it is 
desired to produce 5000 kg, then the sequence of steps must be repeated 5000/634.5 = 8 times. There are several ways to repeat 
the sequence of tasks needed to make one batch, in order to make the desired total amount of product (5000 kg). An example of 


one such nonoverlapping scheme is shown in Figure 3.1. 
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Figure 3.1 Example of a Nonoverlapping Sequence of Batch Operations 
For the nonoverlapping (designated by the subscript NO) scheme, the total processing time is the number of batches multiplied 
by the time to process a single batch: 


Tyo =n) ti (3.1) 
i=1 


where Tyo is the total time to process n batches without overlapping, each batch having m steps of duration t, t2, ..., tm. For this 
example, the total time is equal to (8)(3.5 + 0.5 + 3.5 + 2 + 4.0 + 1.0) = (8)(14.5) = 116.0 h. 

For the process described in Figure 3.1, using the nonoverlapping scheme, the equipment is used infrequently, and the total 
processing time is unduly long. However, such a scheme might be employed in plants that operate only a single shift per day. In 
such cases, the production of a single batch might be tailored to fit an 8 or 10 h shift (for this example, the shift would have to 
be 14.5 h), with the limitation that only one batch would be produced per day. Although such a scheme does not appear to be 
very efficient, it eliminates prolonged storage of intermediate product and certainly makes the scheduling problem easy. 

The total time to process all the batches can be reduced by starting a batch before the preceding batch has finished. This is 


equivalent to shifting backward the time blocks representing the steps in the batch process, as shown in Figure 3.2. 
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Figure 3.2 Backward Shifting of Batches, Giving Rise to Overlapping Sequencing 

This shifting of batches backward in time leads to the concept of overlapping sequencing of batches. The limit of this shifting 
or overlapping process occurs when two time blocks in consecutive batches just touch each other (assuming that cleaning, 


inspection, and charging times are included). This situation is shown in Figure 3.3. 
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Figure 3.3 The Limiting Case for Overlapping Batch Sequencing 

From Figure 3.3, it can be seen that the limiting case for overlapping occurs when the step taking the longest time (here, the tray 
drying step in TD-301, which takes 4 h to complete) repeats itself without a waiting time between batches. The time to complete 
n batches using this limiting overlapping scheme is given by 


To =T = (n—1) max (t;) + ti (3.2) 


i=1,... m 


where To is the minimum total (overlapping) time, and [max (t;)] is the maximum individual time step for the batch process. 
The subscript O that denotes overlapping will be dropped, and T will be used as the total processing time from this point on. For 
the example, T = (8—1)(4.0) + (14.5) = 42.5 h. 

Comparing Figures 3.1 and 3.3, the use of overlapping sequencing reduces the processing time significantly (from 116 to 42.5 
h) and makes much better use of the equipment; specifically, the equipment is operated for a higher fraction of time in the 


overlapping scheme compared with the nonoverlapping scheme. 

In batch operations, the concept of cycle time is used to refer to the average time required to cycle through all necessary steps to 
produce a batch. The formal definition is found by dividing the total time to produce a number of batches by the number of 
batches. Thus, from Equations (3.1) and (3.2), 


t -ino __ H Vi (3.3) 
cycle, NO m A æ i x 
m 
(n—1) max (t;)+ Soti 
T i=1,... m i=] 
teycle,O = teycle = n = w (3.4) 


For the overlapping scheme, when the number of batches (7) to be produced is large, the cycle time is approximated by 


teycle = max fa) (3.5) 


i=1,...,m 


Therefore, using the approximation in Equation (3.5) for Example 3.1, the nonoverlapping and overlapping cycle times are 14.5 


h and 4 h, respectively. 
3.4 FLOWSHOP AND JOBSHOP PLANTS 
Thus far, the discussion has focused on the production of only a single product. However, most batch plants produce multiple 


products. All these products may require the same processing steps, or more often will require only a subset of all possible steps. 


Moreover, the order in which a batch process uses different equipment might also differ from product to product. 
3.4.1 Flowshop Plants 


Consider a plant that must make three products: A, B, and C. Figure 3.4 shows an example of the sequence of equipment used to 
produce these three products. In Figure 3.4, all the products use the same equipment in the same order or sequence, but not 
necessarily for the same lengths of time. This type of plant is sometimes referred to as a flowshop plant [4]. The total time for 
operation of overlapping schedules depends on the number of runs of each product and how these runs are scheduled. One 
approach to scheduling multiple products is to run each product in a campaign during which only that product is made. Then the 
plant is set up to run the next product in a campaign, and so on. The case when multiple products, using the same equipment in 
the same order, are to be produced in separate campaigns is considered first. If the corresponding numbers of batches for 
products A, B, and C in a campaign are n4, ng, and nc, respectively, then the total processing time, or production cycle time, can 
be found by adding the operation times for each product. If the number of batches per campaign is large (for example, >20), 
then the production cycle time can be approximated by an extension of Equation (3.5): 


T= Ysti), = Yn, ex oy (3.6) 


o Separator — Packaging 


i Reactor 


Figure 3.4 An Example of a Flowshop Plant for Three Products A, B, and C 
An illustration of a multiple-product process is given in Example 3.3. 
Example 3.3 


Consider three batch processes, producing products A, B, and C, as illustrated in Table E3.3. Each process uses the four pieces 
of equipment in the same sequence but for different times. 

Table E3.3 Equipment Times (in Hours) Needed to Produce A, B, and C 

ProductTime in MixerTime in ReactorTime in Separator Time in PackagingTotal Time 


A 1.5 1.5 2.5 2.5 8.0 
B 1.0 2.5 4.5 1.5 9.5 
C 1.0 4.5 3.5 2.0 11.0 


Market demand dictates that equal numbers of batches of the three products be produced over a prolonged period of time. 
Determine the total number of batches that can be produced in a production cycle equal to one month of operation of the plant 
using separate campaigns for each product, assuming that a month of operation is equivalent to 500 h (based on 1/12 of a 6000 h 
year for a three-shift plant operating five days per week). 

Solution 

The time to produce each product is given by Equation (3.2). Assume that each product is run x times during the month: 


C m 
T = 500 = » (n — 1) mar tpt ti 
j-A i=1 j 
500 = [(x — 1) (2.5) +8] + [(æ — 1) (4.5) + 9.5] + [(æ — 1) (4.5) + 11] 
500 = (#—1)(11.5) +285 > z = coe) 41 = 42 


Thus, 42 batches each of A, B, and C can be run as campaigns in a 500 h period. The cycle times are teycte,4 = [(41)(2.5) + 
8/(42)] = 2.631 h, teycie, g = 4.619 h, and teycle,c = 4.655 h. 
Using Equation (3.6) with the approximations teycle,4 = 2.5, teycle,B = 4.5, and teycle,c = 4.5, 


500 
T = 500 = z (2.5 + 4.5 + 4.5) > a= = 


= — = 4 
11.5 i 


Equation (3.6) slightly overestimates the number of batches that can be run in the 500 h period but is a very good 
approximation. In general, Equation (3.6) will be used to estimate cycle times and other calculations for single-product 
campaigns for multiproduct plants. 

Running campaigns for the production of the same product is efficient and makes scheduling relatively easy. However, this 
strategy suffers from a drawback: the longer the production cycle, the greater the amount of product that must be stored since an 
inventory should be kept on hand to ensure that customers can be provided with product at any time. The concept of product 
storage is addressed in the following section. However, the bottom line is that storage requires additional equipment or 
warehouse floor space that must be purchased or rented. On the other hand, a strategy of single-product campaigns may 
decrease cleaning times and costs, which generally are greater when switching from one process to another. Therefore, the 
implementation of a batch sequencing strategy that uses sequences of single-product campaigns involves additional costs that 
should be included in any design and optimization. The extreme case for single-product batch campaigning occurs for seasonal 
produce (a certain vegetable oil, for example), where the feed material is available only for a short period of time and must be 
processed quickly, but the demand for the product lasts the whole year. 

An alternative to running single-product campaigns (AAA..., BBB..., CCC...) over the production cycle is to run multiproduct 
campaigns—for example, ABCABCABC, ACBACBACB, AACBAACBAACEB, and so on. In this strategy, products are run in 
a set sequence and the sequence is repeated. This approach is illustrated in Example 3.4. 

Example 3.4 

Consider the same processes given in Example 3.3. Determine the number of batches that can be produced in a month (500 h) 
using a multiproduct campaign strategy with the sequence ABCABCABC.... 


The Gantt chart for this sequence is shown in Figure E3.4. 
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Figure E3.4 Gantt Chart Showing the Multiproduct Sequence ABCABCABC... 
From Figure E3.4, it can be seen that the limiting equipment for this sequence is the separator. This means that the separator is 
used without downtime for the duration of the 500 h. If x batches are produced during the 500 h period, then 


(500-5) _ 


T = 500 = (3 + z (2.5 + 4.5 + 3.5) + 2) => z = — 53 


Therefore, an additional five batches of each product can be produced using this sequence compared with the single-product 
campaign discussed in Example 3.3, assuming there is no additional cleaning time. In general, it should be noted that other 


sequences, such as BACBACBAC, could be used, and these may give more or fewer batches than the sequence used here. 
3.4.2 Jobshop Plants 


The flowshop plant discussed previously is one example of a batch plant that processes multiple products. When not all products 
use the same equipment or the sequence of using the equipment is different for different products, then the plant is referred to as 
a jobshop plant [4]. Figure 3.5 gives two examples of such plants. In Figure 3.5(a), all the products move from the left to the 
right—that is, they move in the same direction through the plant, but not all of them use the same equipment. In Figure 3.5(b), 
products A and B move from left to right, but product C uses the equipment in a different order from the other two products. 
The sequencing of multiproduct campaigns for this type of plant is more complex and is illustrated in Example 3.5. The relative 
efficiencies of different processing schemes for the plant shown in Figure 3.5(b) are calculated in Example 3.6. 
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Figure 3.5 Two Examples of Jobshop Plants for Three Products A, B, and C 
Example 3.5 


Consider the jobshop plant following the sequence shown in Figure 3.5(b) and described in Table E3.5. Construct the Gantt 
charts for overlapping single-product campaigns for products A, B, and C and for the multiproduct campaign with sequence 
ABCABCABC.... 

Table E3.5 Equipment Processing Times (in Hours) for Processes A, B, and C 
ProcessMixerReactorSeparator Packaging 


A 1.0 5.0 4.0 1.5 
B — — 4.5 1.0 
C — 30 5.0 1.5 
Solution 


The Gantt charts for the three processes are shown in Figure E3.5. The top chart shows the timing sequences for each batch, and 
the next three charts show overlapping campaigns for products A, B, and C, respectively. It can be seen that the rules and 
equations for overlapping campaigns given previously still apply. The bottom chart shows the overlapping multiproduct 
campaign using the sequence ABCABCABC.... Note that there are many time gaps separating the use of the different pieces of 
equipment, and no one piece of equipment is used all the time. This situation is common in jobshop plants, and strategies to 
increase equipment usage become increasingly important and complicated as the number of products increases. 
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Figure E3.5 Gantt Charts for Single-Product and Multiproduct Campaigns 
Example 3.6 


It is desired to produce the same number of batches of A, B, and C. Using information from Example 3.5, determine the total 
number of batches of each product that can be produced in an operating period of 1 month = 500 h, using single-product 
campaigns and a multiproduct campaign following the sequence ABCABCABCABC.... 

Solution 

For the single-product campaigns, the number of batches of each product, s, can be estimated using Equation (3.6). Thus 


500 _ 


—— = 34 
14.5 


500 = z (5 + 4.5 + 5) > z = 
Therefore, 34 batches of each product can be made in a 500 h period using single-product campaigns. 
For the multiproduct campaign, referring to Figure E3.5, the cycle time for the sequence ABC is 21.5 h. This is found by 
determining the time between successive completions of say product C: 45.5 — 24 = 21.5 h, and 67 — 45.5 = 21.5 h. Therefore, 
the number of batches of A, B, and C that can be produced is given by 


500 _ 
21.5 


500 = z (21.5) > z = 23 
This multiproduct sequence is clearly less efficient than the single-product campaign approach, but it does eliminate 
intermediate storage. It should be noted that different multiproduct sequences give rise to different results, and the ABCABC 


sequence may not be the most efficient sequence for the production of these products. 

3.5 PRODUCT AND INTERMEDIATE STORAGE AND PARALLEL PROCESS UNITS 

In this section, the effect of intermediate and product storage on the scheduling of batch processes and the use of parallel 
process units or equipment are investigated. Both of these concepts will, in general, increase the productivity of batch plants. 
3.5.1 Product Storage for Single-Product Campaigns 

When using combinations of single-product campaigns in a multiproduct plant, it is necessary to store product during the 
campaign. For example, considering the products produced in Example 3.3, the plant will produce 43 batches each of products 
A, B, and C in a 500 h period. If the required production rates for these three products are 10,000, 15,000, and 12,000 kg/month, 
respectively, then what is the amount of storage required? In practice, it is the volume, and not the weight, of each product that 
determines the required storage capacity. For this example, it is assumed that the densities of each product are the same and 
equal to 1000 kg/m’. Considering product A first and assuming that demand is steady, the demand rate (rg) is equal to 
10,000/500 = 20 kg/h = 0.020 mĉ/h. Note that the demand rate is calculated on the basis of plant operating hours, and not on the 
basis of a 24-hour day. During the campaign, 10,000 kg of A must be made in 43 batch runs, with each run taking teycie, 4 = 2.5 
h. Thus, during production, the production rate (7) of A is equal to 10,000/(43)(2.5) = 93.0 kg/h = 0.0930 m*/h. Results for all 
the products are given in Table 3.1. 

Table 3.1 Production and Demand Rates for Products A, B, and C in Example 3.3 


Rate Product A Product BProduct C 
Volume (m?) of product required per month10.0 15.0 12.0 

Cycle time (h) 2.5* 4.5* 4.5* 
Production rate, r, (m?/h) (10)/[(43)(2.5)] = 0.09300.07752 0.06202 
Demand rate, ry (m?/h) (10)/(500) = 0.020 0.030 0.024 


*These are approximate cycle times based on Equation (3.5). 

When a campaign for a product is running, the rate of production is greater than the demand rate. When the campaign has 
stopped, the demand rate is greater than the production rate of zero. Therefore, the accumulation and depletion of product over 
the monthly period are similar to those shown in Figure 3.6. The changing inventory of material is represented on this figure by 
the bottom diagram. The maximum inventory, V,, is the minimum storage capacity that is required for the product using this 
single-product campaign strategy. The expression for calculating V, is 


V; = (Tp — Ta) teamp (3.7) 


Production and 
Demand Rates 


Volume of Product 


Campaign Time Nonproduction Time 
Total Time = 1 Month 
Figure 3.6 Changing Inventory of Product during Single-Product Campaign Run within a Multiproduct Process 


where fcamp is the campaign time. This assumes that the shipping rate of product from the plant is constant during plant 
operating hours. Because shipping is usually itself a batch process, the actual minimum storage capacity could be more or less 
than that calculated in Equation (3.7). The strategies for matching shipping schedules to minimize cost (including storage costs 
and missed-delivery risks) are known as logistics and are not covered here. 

Determination of the minimum storage capacities for all products in Example 3.3 is given in Example 3.7. 

Example 3.7 

For the products A, B, and C in Example 3.3, determine the minimum storage capacities for the single-product campaign 
strategy outlined in Example 3.3. 

Solution 

Table E3.7 shows the results using data given in Example 3.3 and Table 3.1. 

Table E3.7 Results for the Estimation of Minimum Storage Volume from Equation (3.7) 


ProductCampaign Time, feamp (h)rp—ra (m°/h) V; (mô) 

A (43)(2.5) = 107.5 0.09302 — 0.020 = 0.07302 (0.07302)(107.5) = 7.85 
B (43)(4.5) = 193.5 0.07752 — 0.030 = 0.04752 (0.04752)(193.5) = 9.20 
C (43)(4.5) = 193.5 0.06202 — 0.024 = 0.03802 (0.03802)(193.5) = 7.36 


It should be noted that the production cycle time is equal to the sum of the campaign times, or (107.5 + 193.5 + 193.5) = 494.5 
h, which is slightly less than 500 h. This discrepancy reflects the approximation of cycle times given by Equation (3.6). The 
actual cycle times for A, B, and C are found from Example 3.3 and are equal to 2.63, 4.62, and 4.65 h, respectively. The 
corresponding values of V, are 7.79, 9.18, and 7.31 m°. Clearly, these differences are small, and the approach using Equation 


(3.6) is acceptable when the number of production runs per campaign is 20 or more. 
3.5.2 Intermediate Storage 
Up to this point, it has been assumed that there is no intermediate product storage available. This type of process is also known 


as a zero wait, or a zw process [4]. Specifically, as soon as a unit operation is completed, the products are transferred to the 
next unit operation in the sequence, or they go to final product storage. The concept of storing the final product to match the 
supply with the demand was demonstrated in Example 3.7. However, it may also be beneficial to store the output from a given 
piece of equipment for a period of time to increase the overall efficiency of a process. It may be possible to store product in the 
equipment that has just been used. For example, if two feed streams are mixed in a vessel, the mixture could be stored until the 
next process unit in the production sequence becomes available. In this case, the storage time is limited based on the scheduling 
of equipment. This holding-in-place method may not work for some unit operations. For example, in a reactor, a side reaction 
may take place, and unless the reaction can be quenched, the product yield and selectivity will suffer. The upper limit of the 
intermediate storage concept occurs when there is unlimited intermediate storage (uis) available, and this is referred to as a 
uis process [4]. In general, cycle times can be shortened when intermediate product storage is available. This concept is 
illustrated in Figure 3.7, which is based on the information given in Table 3.2. 

Table 3.2 Equipment Times (in Hours) Required for Products A, B, and C 

Product ReactorCrystallizerDryerTotal 

A 2.0 5.0 2.0 9.0 


B 6.0 4.0 40 14.0 
C 2.0 2.0 3.0 7.0 


Total Time per Equipment10.0 11.0 9.0 
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Figure 3.7 Multiproduct Sequence (ABC) for Products Given in Table 3.2 Showing Effect of Intermediate Storage (Storage 
Shown as Circles; Number Identifies Individual Tanks for Each Intermediate Product) 
Without intermediate product storage, the shortest multiproduct campaign, as given by Equation (3.6), is 14 h, as shown in 


Figure 3.7. However, if the materials leaving the reactor and crystallizer are placed in storage prior to transfer to the crystallizer 
and dryer, respectively, then this time is reduced to 11 h. The limiting cycle time for a uis process is given by 


N 
teycle,uis = max ` NC; tij (3.8) 

Jalm 
where m is the number of unit operations, N is the number of products, and nc; is the number of campaigns of product i 
produced in a single multiproduct sequence. For the case shown in Table 3.2 and Figure 3.7, n = 1 (because only one campaign 
for each product [A, B, and C] is used in the multiproduct sequence), and Equation (3.8) is the maximum value given in the last 
row of Table 3.2, or 11.0 h. 
The total amount of storage required for this example is fairly small, because only three storage vessels are required, each 
dedicated to one intermediate product. The downside of this approach is that there are many more material transfers required, 


and the potential for product contamination and operator error increases significantly. 
3.5.3 Parallel Process Units 


Another strategy that can be employed to increase production is to use duplicate equipment. This strategy is most beneficial 
when there is a bottleneck involving a single piece of equipment that can be relieved by adding a second (or more) units in 
parallel. This strategy can be extended to a limiting case in which parallel trains of equipment are used for each product. This 
strategy eliminates the dependence of scheduling between the different products but is more expensive, because the number of 


pieces of equipment increases m-fold, where m is the number of products. An example of using parallel equipment is shown in 
Figure 3.8 based on the data in Table 3.3. 
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Figure 3.8 The Effect of Adding an Additional Crystallizer to the Process Given in Table 3.2 
Table 3.3 Data (Times in Hours) for Multiproduct Batch Process Shown in Figure 3.8 
ProcessReactorCrystallizerDryer 


A 2.0 7.0 3.0 
B 1.0 6.0 5.0 
C 2.0 8.0 2.0 


From the top chart in Figure 3.8 that shows the multiproduct sequence ABCABC..., the limiting piece of equipment is seen to 
be the crystallizer. The bottom chart shows the effect of adding a second crystallizer that processes product C. The effect is to 
reduce the cycle time from 21 h to 13 h, a considerable improvement in throughput. The determination of whether to make this 
change must be made using an appropriate economic criterion, such as net present value (NPV) or equivalent annual operating 
cost (EAOC), which are discussed in Chapter 10. The resulting trade-off is between increased product revenues and the cost of 
purchasing a second crystallizer plus additional operators to run the extra equipment. 

3.6 DESIGN OF EQUIPMENT FOR MULTIPRODUCT BATCH PROCESSES 

The design of equipment sizes for multiproduct batch processes depends on the production cycle time, whether single-or 
multiproduct campaigns are used, the sequence of products for multiproduct campaigns, and the use of parallel equipment. As 
an example, the multiproduct process described in Table 3.4 will be analyzed. It is assumed that each product will be produced 
using a single-product campaign. The production cycle will be 500 h (equivalent to one month in a 6000 h year). The production 
cycle will be repeated 12 times in a year. The required amount of each product is given in Table 3.4 along with the processing 
times. 

Table 3.4 Data for a Multiproduct Batch Process 

ProcessReactor and MixerFiltrationDistillation Yearly ProductionProduction in 500 h 


A 7.0h 1.0h 2.0h 120,000 kg 10,000 kg 
B 9.0h 1.0h 15h 180,000 kg 15,000 kg 
C 10.0 h 1.0 h 3.0 h 420,000 kg 35,000 kg 


By studying Table 3.4, it is apparent that the limiting piece of equipment is the mixing and reaction vessel, and the cycle times 
can be found from this piece of equipment. To estimate equipment volume, it is necessary to determine the volume of each piece 


of equipment per unit of product produced. To determine these quantities, descriptions of the method (recipe) for using each 
piece of equipment for each product must be known. The procedure to estimate the specific volume of the reactor for process A 
in Table 3.4 is given in Example 3.8. 

Example 3.8 

The following is a description of the reaction in process A, based on a laboratory-scale experiment. First, 10 kg of liquid 
reactant (density = 980 kg/m?) is added to 50 kg of a liquid mixture of organic solvent containing excess of a second reactant 
(density of mixture = 1050 kg/m?) in a jacketed reaction vessel, the reactor is sealed, and the mixture is stirred and heated. Once 
the reaction mixture has reached 95°C, a solid catalyst (negligible volume) is added, and reaction takes place while the batch of 
reactants continues to be stirred. The required conversion is 94%, 17.5 kg of product is produced, and the time taken is 7.0 h. 
The reactor is filled to 60% of maximum capacity to allow for expansion and to provide appropriate vapor space above the 
liquid surface. Determine the volume of reaction vessel required to produce 1 kg of product. 

Solution 


B 10[kg] 50[kg] 100 __ 3 
volume of reactor = (atts + wes) ae = 0.09637m 


__ volume of reactor __ 0.09637 __ 3 : 
Vreact = mass of product 17.5 0.005507m /kg product 


Similar calculations can be made for the reactor/mixer for processes B and C in Table 3.4, and these results are given in Table 


3.5 along with the cycle times for each process. It should be noted that even for a preliminary design and cost estimate, other 
attributes of the equipment should also be considered. For example, in order to specify the reactor fully and estimate its cost, the 
heating duty and the size of the motor for the mixer impeller must be calculated. To simplify the current example, only the 
volumes of the reactor are considered, but it should be understood that other relevant equipment properties must also be 
considered before a final design can be completed. This procedure should be applied to all the equipment in the process. 

Table 3.5 Specific Reactor/Mixer Volumes for Processes A, B, and C 


Process A B C 
Vreact (m?/kg-product)0.0055070.0078600.006103 
teycle (h) 7.0 9.0 10.0 


Let the single-product campaign times for the three products be t4, tg, and tc, respectively. Applying Equation (3.6), the 


following relationship is obtained: 
ta + tg + to = 500 (3.9) 
The number of batches per campaign for each product is then given by ty/teycle,x and 


production ofx 


Batch size (kg/batch) = (3.10) 


ty / teycle,z 


Furthermore, the volume of a batch is found by multiplying Equation (3.10) by v,eactx, and equating batch volumes for the 
different products yields 


(production ofz) (Vpeact,x ) 


Volume of batch = (3.11) 
tz | tpi 
(10, 000) (0.005507) O (15, 000) (0.007860) 7 (35, 000) (0.006103) (3.12) 
t4/7.0 7 tp /9.0 o tg/10.0 l 
Solving Equations (3.9) and (3.12) yields 
ta = 53.8h 
tg = 148.1h 
to = 298.1h 


Vreact,A = Vreact,B = Vreact,C =7. 17m? 
Number of batches per campaign for product A = 7.7 

Number of batches per campaign for product B = 16.5 

Number of batches per campaign for product C = 29.8 


Clearly the number of batches should be an integer value. Rounding these numbers yields 
For product A: 
Number of batches = 8 
ty = (8)(7) = 56h 
V4 = (10,000)(0.005507)(7)/(56) = 6.88 m? 
For product B: 
Number of batches = 16 
tg = (16)(9) = 144h 
Vg = (15,000)(0.007860)(9)/(144) = 7.37 m? 
For product C: 
Number of batches = 30 
tc = (30)(10) = 300 h 
Vc = (35,000)(0.006103)(10)/(300) = 7.12 m 
Total time for production cycle = 500 h 
Volume of reactor= 7.37 m? (limiting condition for product B) 
= (7.37)(264.2) = 1947 gallons 
The closest standard size, 2000 gallons, is chosen. 
3.7 SUMMARY 
In this chapter, concepts important to the design of batch processes were introduced. Gantt charts were used to illustrate the 
timing and movement of product streams through batch processes. The concepts of nonoverlapping and overlapping sequences 
were discussed for single-product and multiproduct processes. The differences between flowshop and jobshop plants were 
introduced, and the strategies for developing single-product and multiproduct campaigns for each type of process were 
discussed. The role of intermediate and final product storage and the methods to estimate the minimum product storage for 
single-product campaigns were illustrated. The addition of parallel equipment was shown to reduce product cycle time. Finally, 
an example of estimating the size of vessels required in a multiproduct process was given. 
WHAT YOU SHOULD HAVE LEARNED 
The difference between design considerations for batch versus continuous processes 
Batch scheduling patterns 
Flowshop versus jobshop plants 
Impact of storage requirements 
Single-versus multiproduct campaigns 
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SHORT ANSWER QUESTIONS 
1. What is a flowshop plant? 
2. What is a jobshop plant? 
3. What are the two main methods for sequencing multiproduct processes? 
4. Give one advantage and one disadvantage of using single-product campaigns in a multiproduct plant. 


5. What is the difference between a zero-wait and a uis process? 
PROBLEMS 
6. Consider the processes given in Example 3.3. Determine the number of batches that can be produced in a month (500 h) using 


a series of single-product campaigns when the required number of batches for product A is twice that of either product B or 
product C. 

7. Consider the processes given in Examples 3.3 and 3.4. Determine the number of batches that can be produced in a month 
(500 h) using a multiproduct campaign strategy with the sequence ACBACBACB. Are there any other sequences for this 
problem other than the one used in Example 3.4 and the one used here? 

8. Consider the multiproduct batch plant described in Table P3.8. 

Table P3.8 Equipment Processing Times for Processes A, B, and C 

ProcessMixerReactorSeparator 


A 2.0h 50h 40h 

B 3.0h 40h 3.5h 

C 10h 30h 45h 

It is required to produce the same number of batches of each product. Determine the number of batches that can be produced in 
a 500 h operating period using the following strategies: 

Single-product campaigns for each product 

A multiproduct campaign using the sequence ABCABCABC... 

A multiproduct campaign using the sequence CRACBACBA... 

9. Consider the process given in Problem 3.8. Assuming that a single-product campaign strategy is used over a 500 h operating 
period and further assuming that the production rates (for a year = 6000 h) for products A, B, C are 18,000 kg/y, 24,000 kg/y, 
and 30,000 kg/y, respectively, determine the minimum volume of product storage required. Assume that the product densities of 
A, B, and C are 1100, 1200, and 1000 kg/m’, respectively. 

10. Using the data from Tables P3.10(a) and (b), and following the methodology given in Section 3.6, determine the number of 
batches and limiting reactor size for each product. 

Table P3.10(a) Production Rates for A, B, and C 

ProductYearly ProductionProduction in 500 h 


A 150,000 kg 12,500 kg 

B 210,000 kg 17,500 kg 

C 360,000 kg 30,000 kg 

Table P3.10(b) Specific Reactor/Mixer Volumes for Processes A, B, and C 
Process A B C 

Vreact (m?/kg-product)0.00730.00950.0047 

teycle (h) 60 95 18.5 


11. Referring to the batch production of amino acids described in Project 8 in Appendix B, the batch reaction times and product 
filtration times are given in Table P3.11. 
Table P3.11 Batch Step Times (in Hours) for Reactor and Bacteria Filter for Project 8 in Appendix B 


Product Reactor* Precoating of Bacteria FilterFiltration of Bacteria 
L-aspartic acid 35 25 5 
L-phenylalanine65 25 5 


*Includes 5 h for filling, cleaning, and heating. 

The capacity of the reactors chosen for both products is 10,000 gallons each. The precoating of the filters may occur while the 
batch reactions are taking place, and hence the critical time for the filtration is 5 h. It should be noted that intermediate storage is 
not used between the reactor and filter, and hence the batch times for the reactors must be extended an additional 5 h while the 
contents are fed through the filter to storage tank V-901. It is desired to produce L-aspartic acid and L-phenylalanine in the ratio 
of 1 to 1.25 by mass. Using a campaign period of | year = 8000 h and assuming that there is a single reactor and filter available, 
determine the following: 

The number of batches of each product that can be produced in a year, maintaining the desired ratio of the two products, if one 
single-product campaign is used for each amino acid per year. 

The amount of final product storage for each product assuming a constant demand of each product over the year. Express this 
amount of storage as a volume of final solid crystal product (bulk density of each amino acid is 1200 kg/m?). You may assume 
that the recovery of each amino acid is 90% of that produced in the reactor. 

By how much would the answer to Part (b) change if the single-product campaigns for each amino acid were repeated every 
month rather than every year? 

12. Referring to Problem 3.11, by how much would yearly production change if the following applied? 

The reaction times for L-aspartic acid and L-phenylalanine were reduced by 5 h each. Use the same scenario as described in 
Problem 3.11, Part (a). 

The reaction times for L-aspartic acid and L-phenylalanine were increased by 5 h each. Use the same scenario as described in 
Problem 3.11, Part (a). 

13. It is desired to produce three different products, A, B, and C, using the same equipment in a batch processing plant. Each 
production method uses the same equipment in the same order for the times given in Table P3.13. 

Table P3.13 Equipment Processing Times for Problem 3.13 

Equipment ProcessMixer\Reactor Filter CrystallizerDryerDensity 

A 2.5h 15h 45h 5.0h 900 kg/m? 

B 3.5h 3.5h 5.5h 4.0h 1000 kg/m? 


C 2.0 h 3.5h 5.0h 4.0 h 850 kg/m? 

It has been determined that market forces dictate that the rate of production of product B should be twice that of A and for C 
should be three times that of A. For a one-month campaign, equivalent to 600 h, answer the following questions: 

Assume that each product will be produced in separate campaigns; for example, first make all A, then B, then C. Determine the 
number of batches for each product. 

If the yearly demand for product C is 180,000 kg/y (180 tonne/y), determine the storage capacity (volume) for this product 
assuming constant demand for C throughout the campaign period. 

Determine the number of batches that could be produced during a 600 h period if the multibatch sequence ABBCCCABBCCC 
... is used. 

14. A batch chemical plant is to be used to produce three chemical products (A, B, and C) using a flowshop plant. The times for 
each product in each piece of equipment (in hours) are shown in Table P3.14. 

Table P3.14 Equipment Processing Times for Problem 3.14 

Unit Op/ProductHeatingReaction/MixingFiltrationDistillationCrystallization 


A 1.0 3.0 1.0 2.5 3.5 
B 1.5 33 1.0 1.5 4.0 
C 23 2.0 0.5 2.5 3.0 


Market demands for these products require that the ratio of A to B to C be 1/2/2. Therefore, ng = nc = 2n4. For this batch plant, 
answer the following questions: 

In an operating period of 600 h, how many batches of A, B, and C can be made using three single-product campaigns (AAA ..., 
BBBBBB ..., CCCCCC ...)? 

Using multiple batch campaigns in the order ABBCCABBCC ..., how many batches of A, B, and C can be made? 

How would the answer to Part (a) change if the number of batches of A were twice those of B and C (instead of half)? 

For Part (a), if the required production over the 600 h of operation for product B was 20,000 kg or 17.5 m? of product, what 
volume of product storage would be required to ensure that a constant supply of B could be maintained over the 600 h 
operation? 

15. Four products (A-D) are made in a batch processing plant. The times (in hours) required for each piece of equipment for 
each product are shown in Table P3.15. 

Table P3.15 Equipment Processing Times for Problem 3.15 

Product Mixer/Heater Reactor Filter CrystallizerPackaging 


A 1.3 Not used0.5 3.4 2.0 
B 3.2 4.3 11 4.8 3.5 
C 1.7 2.5 2.0 6.0 1.5 
D Not used 7.2 13 2.5 1.5 


Using the information in Table P3.15, answer the following questions: 

Is this a jobshop or flowshop plant? 

Over a 600 h period (approximately 1 month), the required number of batches for products B and D is 25 and 10, respectively. 
The demand for products A and C is such that twice as many batches of A compared to C are required. Determine how many 
batches of A can be manufactured if single product campaigns are used. In your calculations, you should use the exact cycle 
time expression for each product. 

Repeat Part (b) but use the limiting cycle time for each product. 

For a process with unlimited intermediate storage (uis process) and an equal number of batches for each product, determine the 
maximum number of batches for each product using a mixed product campaign (ABCDABCD... or ACBDACBD..., etc.) in a 
600 h operating period. 

Hint: You DO NOT have to draw a Gantt chart to solve this part. 

16. Consider the problem of batch scheduling three products (A, B, C). The number of batches of B required in a given time is 
twice the number of batches of A and of C. One possible scheduling plan is shown in the Gantt chart in Figure P3.16, which 
shows the sequence ABBCABBCABBC.... Using the information in Figure P3.16, answer the following questions: 

How many batches of A, B, and C can be produced (using the sequence ABBCABBC...) in a 500 h period? 

How would the answer to Part (a) change if there was unlimited intermediate storage (uis) available? 

How many batches of A, B, C can be produced in a 500 h period if single product campaigns are used? (Remember, it is still 
necessary to produce twice the number of batches of B compared to A or C.) 

If the desired yearly production volume of product B is 250 m? and the plant operates for 6000 h/y, how much product storage 
for product B is required if a constant supply of B is to be maintained and single product campaigns are used as described in 
Part (c)? 


Is this a flowshop or jobshop plant? 
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Figure P3.16 Gantt Chart for Problem 3.16 

17. Using the data in Example 3.3, answer the following problems: 

A campaign for 500 h is to be run using the following sequence of products: AABCCCAABCCCAABCCC.... Draw an 
accurate Gantt chart that clearly shows the timing of all equipment for each product. From this chart determine the cycle time 
for the system (i.e., the time taken to complete the following sequence of batches AABCCC) and then find the number of 
batches of A, B, and C produced in 500 h. 

Repeat the problem but now use the sequence BAACCCBAACCC.... Does the answer change from Part (a)? 

What is the solution to the problem if separate, single-product campaigns for A, B, and C (with the same ratios as in the above 
problems) are used? 

18. Batches of 4 (A-D) products are produced (in a flowshop plant) using the equipment processing times in Table P3.18 (all 
times are given in hours). 

Table P3.18 Equipment Processing Times for Problem 3.18 


Equipment Product AProduct BProduct CProduct D 
Mixer 2.5 1.5 2.0 3.0 
Reactor 3.0 3.5 3.0 4.0 
Still 4.0 2.0 5.0 2.0 
Dryer 2.0 5.0 2.5 5.5 
Packaging 3.5 2.0 2.5 3.0 
Total volume of product produced in 1 month (m*)10.0 12.0 15.0 5.0 


It is decided to operate using a campaign time of 600 h (1 month). The relative numbers of batches to meet current demand are 
n4 =Ng=Nnc= 3np. Determine the numbers of each batch of A, B, C, and D for the 600 h campaign time, for the following 
scenarios: 

Produce each product using single-product campaigns, that is, produce all A, then switch to B, etc. 

Produce multiple products using the sequence AAABBBCCCDAAABBBCCCD.... 

Would the result change for Part (b) if a uis (unlimited intermediate storage) process was used instead of the zw (zero-wait) 
process used in Part (b)? 

For Part (a), determine the amount of storage needed for each product to meet the demand over the 600 h campaign time. 
19. Two products are to be produced in a jobshop plant. The scheduling for each piece of equipment for the two products is 
given in Table P3.19. 

Table P3.19 Equipment Processing Times for Problem 3.19 


Product A Product B 
Mixer 3.0 Mixer 2.0 
Heater 5.5 Heater Not used 
Reactor 4.0 Reactor 7.0 
Crystallizer4.0 Crystallizer6.5 
Dryer 5.5 Dryer 4.0 
Packaging 2.5 Packaging 3.0 


The market demand requires that 3 times the amount of Product B should be produced compared to Product A. Determine the 
following: 

If separate campaigns for Product A and Product B are to be used, how many batches of A and B can be produced in a 600 h 
period? 

Repeat part (a) except use the exact formulation for the cycle time rather than the limiting case for very large n (that is use 


Equation 3.4 rather than 3.5). 

Using a mixed product campaign of ABBBABBBABBB..., how many batches of each A and B can be produced in the 600 h 
period? 

Repeat Part (a), except consider the situation where the 600 h period is spread out over 5 weeks in which the plant operates 24 
hours a day Monday-Friday and then closes over the weekend and restarts on the following Monday. For this case, any batch 
that is started must be finished, that is, you cannot hold a partially finished batch over the weekend and any batch that is started 
on Friday must be finished even if it requires a portion of Saturday to complete. 

20. Consider the problem of batch scheduling two products (A, B). The number of batches of B required in a given time is twice 
the number of batches of A. One possible scheduling plan is shown in the Gantt chart in Figure P3.20, which shows the 
sequence BBABBABBA.... Using the information in Figure P3.20, answer the following questions: 
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Figure P3.20 Gantt Chart for Problem 3.20 

How many batches of A and B can be produced (using the sequence BBABBABBA...) in a 600 h period? 

How many batches of A and B can be produced in a 600 h period, if single product campaigns are used? (Remember, it is still 
necessary to produce twice the number of batches of B compared to A.) 

If the desired yearly production volume of product B is 500 m? and the plant operates for 7200 h/y, how much product storage 
for product B is required if a constant supply of B is to be maintained and single product campaigns are used as described in 
Part (b)? 

Is this a jobshop or flowshop process? 

21. A batch chemical plant is to be used to produce four chemical products (A, B, C, and D) using the same equipment and in 
the same order, that is, using a flowshop plant. The times for each product in each piece of equipment are shown in Table P3.21. 
Table P3.21 Equipment Processing Times for Problem 3.21 

Unit Op/Product Heating Reaction/MixingFiltrationDistillation Crystallization 


A 2.0 5.0 2.0 2.0 4.5 
B 1.5 33 1.5 1.5 5.0 
C 2.5 2.0 0.5 2.5 3.0 
D 1.0 3.5 2.0 3.5 3.5 


Market demands for these products require that the ratio of A to B to C to D is 4:2:1:2. Therefore, 2ng = 2np = 4nç = ny. For 
this batch plant, answer the following questions: 

In an operating period of 720 h how many batches of A, B, C, and D can be made using 4 single-product campaigns? (AAA... 
BBBBBB..., CCCCCC..., DDDDD...) You may assume that the limiting cycle time (for large numbers of batches) applies. 
Using multiple product batch campaigns with unlimited intermediate storage, how many batches of A, B, C, and D can be 
made? 

How would the answer to Part (a) change if the number of batches of A were twice those of B, C, and D (i.e., A:B:C:D = 
2:1:1:1)? 

For Part (a), if the required production over the 720 h of operation for product B was 30,000 kg or 27.5 m? of product, what 
volume of intermediate storage would be required to ensure that a constant supply of B could be maintained over the 720 h 
operation? 

22. Four products (A-D) are made in a batch processing plant. The times (in hours) required for each piece of equipment for 
each product are shown in Table P3.22. 

Table P3.22 Equipment Processing Times for Problem 3.22 

Product Mixer/HeaterReactor Filter CrystallizerPackaging 


A 1.5 2.5 0.5 3.5 2.0 
B 2.5 Not used1.5 4.5 3.5 
C 1.5 2.5 Not used6.0 1.5 
D 3.5 4.5 1.3 25 1.5 


Using this information, answer the following questions. Note that you do not have to draw a Gantt chart to answer any of these 
questions. Note that all products use the equipment in the same order unless that equipment is not used. 
Over a 600 h period (approximately 1 month), the required number of batches for products B and D is 15 and 10, respectively. 


The demand for products A and C is such that three times as many batches of A compared to C are required. Determine how 
many batches of A can be manufactured if single-product campaigns are used. In this problem, you should use the exact cycle 
time expression for each product. 

Repeat Part (b) but use the limiting cycle time for each product. 

For a process with unlimited intermediate storage (uis process) and an equal number of batches for each product, determine the 
maximum number of batches for each product using a mixed product campaign (ABCDABCD... or ACBDACBD..., etc.) ina 
600 h operating period. 


Chapter 4: Chemical Product Design 


WHAT YOU WILL LEARN 


e The difference between process design and product design 


e The strategy for chemical product design 


The subject of most of this book is chemical process design, 
which is taught in the traditional capstone experience in 
chemical engineering curricula. For most of the history of 
chemical engineering, graduates have gone to work in chemical 
plants that manufacture commodity chemicals. Commodity 
chemicals are those manufactured by many companies in 
large quantities, usually in continuous processes like those 
illustrated in this textbook. There is little or no difference in 
commodity chemicals produced by different companies, that is, 
the product specifications are very similar for the same 
chemical. The price for which a commodity chemical can be sold 
is essentially the same for all producers, and, because most raw 
materials are also commodity chemicals, the price of raw 
materials is also the same for all producers. For the most part, 
innovations regarding manufacture of commodity chemicals 
have occurred a long time in the past. Therefore, the only real 
way to be more profitable than a competitor is to have lower 
ancillary costs, such as a favorable union contract, a better deal 
on the costs of different sources of energy, superior automation, 
a better catalyst, and so on. 


Before a chemical became a commodity, it may well have 
been a specialty. A specialty chemical is one made in smaller 
quantities, often in batch processes, usually by the company 
that invented the chemical. Perhaps the best examples of 
specialty chemicals evolving into commodity chemicals are 
polymers. Polymers such as nylon, Teflon, and polyethylene 
were specialties when they were invented in the first half of the 
twentieth century, and they were seen only in selected 
applications. Now, they are ubiquitous commodities that are 
produced in vast quantities. 

The chemical industry has also become more global. At one 
time, chemicals and products from chemicals for the entire 
world were manufactured in the centers of the chemical 
industry: the United States and Western Europe. This meant 
that a large, rapidly growing chemical industry in the United 
States and Western Europe was needed to serve the needs of 
developing countries. Now chemicals are manufactured all over 
the world, closer to where they are used, as are the raw 
materials for these chemicals. Therefore, the traditional 
commodity chemical industry is not in a growth phase in places 


such as the United States and Western Europe. Existing 
chemical processes continue to operate, and chemical engineers 
trained to understand and work with continuous, commodity 
chemical processes are still needed. 

It has been suggested that the future of chemical engineering 
—that is, the place where chemical engineers can innovate—is in 
chemical product design [1, 2]. This is also the place where 
more and more chemical engineers are being employed [2]. It 
could be argued that the future is identical to the past. Since the 
1970s, most large, commodity chemical companies have 
trimmed their long-range research, focusing instead on support 
for the global growth of commodity chemical production. They 
believed this to be a necessary shift of emphasis as chemicals 
that were once specialties evolved into commodities. 

What is a chemical product? One possibility is a new 
specialty chemical. A new drug is a chemical product. A new 
catalyst or solvent for use in the commodity chemical industry is 
a chemical product. Post-it Notes are a chemical product. A fuel 
cell is a chemical product. A device for indoor air purification is 
a chemical product. Technologies employing chemical 
engineering principles could be considered to be chemical 
products. Even the ChemE Cars that many students build as 
part of the AIChE competition could be considered chemical 
products. 

In this chapter, an introduction to procedures used for 
chemical product design is provided. It will be seen that there 
are similarities to chemical process design; however, the focus 
of this chapter is on the differences between process and 
product design. 


4.1 STRATEGIES FOR CHEMICAL 
PRODUCT DESIGN 


A strategy for chemical product design has been suggested by 
Cussler and Moggridge [1]. It has four steps: 


. Needs 
Ideas 
© Selection 


Ae N p 


. Manufacture 


Needs means that a need for a product must be identified. 
This involves dealing with industrial customers and/or the 
public. If the business end of a commodity chemical industry 
determines there is a market for additional benzene, a process is 
constructed to make the same benzene product that all other 
benzene producers make, probably using the same process 
technology. If there is a market for the additional benzene, there 
will be customers. In contrast, in chemical product design, once 
the need is established, then the search for the best product 
begins. 

Ideas means that the search for the best product has begun. 
This is similar to the brainstorming stage of the problem- 


solving strategy to be discussed in Chapter 24. Different ideas 
are identified as to the best possible product to serve the need. 

Selection involves screening the ideas for those believed to 
be the best. There are quantitative methods for this step, and 
they are discussed later. 

Manufacture involves determining how to manufacture 
the product in sufficient quantities. Unlike commodity 
chemicals, this usually involves batch rather than continuous 
processes. 


The four-step process is a simplification that is most 
applicable to the design of chemical products that are actually 
chemicals. For the design of devices, there are additional steps 
needed. Two such product design strategies, suggested by Dym 
and Little [3] and Ulrich and Eppinger [4], are illustrated in 
Table 4.1 and compared with the strategy of Cussler and 
Moggridge [1]. The most significant difference is the inclusion 
of different stages of device design not apparent for design of a 
chemical, although it could be considered that these steps are all 
part of the selection and/or manufacture step. 


Table 4.1 Comparison of Product Design Strategies 


Detailed design Test product 


Cussler and Dym and Little Ulrich and 
Strategy Moggridge [1] [3] Eppinger [4] 
Steps Needs Need Identify customer 
needs 
Ideas Problem Establish target 
definition specifications 
Selection Conceptual Generate product 
design concepts 
Manufacture Preliminary Select product 
design concepts 
| concepts | 
Design Set final 
communication specifications 
Final design Plan downstream 
development 


There are clear parallels among these three product design 
strategies. It is observed that the first step in each strategy is the 
identification of customer needs. The ideas and selection steps 
of Cussler and Moggridge [1] are identical to the generate 
product concepts and select product concepts steps of Ulrich 
and Eppinger [4], respectively. The strategies of Dym and Little 
[3] and Ulrich and Eppinger [4] all include several design and 
product-testing steps. Although these are not explicitly included 
in the strategy of Cussler and Moggridge [1], they will have to be 
part of any product design strategy. For example, no one would 
begin to manufacture a product without first making a small 
amount in the lab and testing it. 


It is instructive to observe the parallel between the strategy 


of Dym and Little [3] and the increasing levels of capital cost 
estimates in process design illustrated in Table 7.1. Moving from 
a feasibility estimate through a detailed estimate parallels 
moving from a conceptual design to a detailed design. Similarly, 
the evolution of a detailed P&ID from a PFD also parallels the 
evolution from a conceptual design to a detailed design. 


In the following sections, the strategy of Cussler and 
Moggridge [1] is illustrated using several examples. 


4.2 NEEDS 


Anew chemical product is sought in response to a need. The 
needs might be those of individual customers, those of groups, 
or those of society. Consider the case of Freon refrigerants. In 
the 1980s, Freons were identified as having high ozone- 
depleting potential because of their chlorine content. Therefore, 
a need for an environmentally friendly chemical with the 
appropriate properties of a refrigerant was established. This led 
to the development of fluorocarbon refrigerants (e.g., R-134a) 
and methods for their synthesis. However, this did not solve the 
problem entirely. It was then determined that the new 
refrigerants were incompatible with typical compressor 
lubricants. This created the need for a new lubricant that was 
compatible with the new refrigerant. Subsequently, this new 
lubricant was developed, and the new refrigerant began to be 
phased in as Freons were phased out. 


Chemical companies devoted to product design (e.g., food 
products, personal care) deal with customers all the time. 
Customers are interviewed, often in focus groups, and the 
results of these interviews must be interpreted and made into 
product specifications. This is an inexact “science.” Care must 
be taken to define the correct need. 

As an example, consider the needs of vessels used for space 
travel (e.g., the space shuttle) as they reenter Earth’s 
atmosphere [5]. The customer, NASA, initially sought the 
development of a material that would withstand the 
temperatures of reentry. Such a material was never developed. 
Once the problem was redefined, a more appropriate need was 
defined. The real need was not to have a material capable of 
withstanding the temperatures of reentry; the real need was to 
protect those inside the space vessel from the high temperatures 
generated by friction with the edge of Earth’s atmosphere 
during reentry. This led to the development of the sacrificial 
tiles used in the space shuttle. The energy generated by friction 
is dissipated by vaporizing these sacrificial tiles, thereby 
protecting those inside the vessel from the heat. Only after the 
correct need was identified was the problem solved. 

Examples 4.1 through 4.4 [6-8] illustrate definition of 
needs. 


Example 4.1 


Zebra mussels are mollusks that have been known to 
infest the water intake pipes of water treatment and 
electric power plants. Entire towns have been shut down 
because the infestation of zebra mussels has halted the 
supply of water to purification plants. The initial solution 
to this problem was to remove the infested zebra mussels 
manually. Identify the need(s) to alleviate the infestation 
problem. 


Solution 


The need is for a method to prevent the infestation, 
because it is undesirable to shut down water treatment 
facilities for manual cleaning. If this method is to involve 
a chemical, it is important to specify the desired features 
of this chemical. For example, it should be inexpensive, it 
must prevent infestation, it should not harm other 
wildlife, and it should be removable in the water 
treatment facility. 


Example 4.2 


Maintaining a swimming pool, either at home or ina 
public facility, is both expensive and time consuming. 
The water must be tested often, particularly for chlorine. 
The chlorine additive to a swimming pool emits a 
characteristic odor, irritates the eyes, and can fade colors 
on swimsuits due to its bleaching effect. Identify a 
product need. 


Solution 


There might be a need for a method to disinfect the pool 
water other than adding a chlorine-containing 
compound. Suppose a continuous-flow device could be 
developed that disinfected the pool water as it passed 
through the filter system. Is there a need for such a 
product? (This is one possible alternative to chlorine. 
There are others.) Such a device would undoubtedly 
increase the capital cost of installing a pool, even though 
it would save time and the cost of constantly adding 
chlorine. The unanswered question is whether pool 
purchasers would be willing to pay the incremental 
capital cost. Even though a net present value or an 
equivalent annual operating cost calculation, such as that 
illustrated in Chapter 10, might prove that the 
incremental cost of such a device is justified by the 
savings, it is still unclear whether people would purchase 
such a device. Most buyers will not sit down and do an 
incremental economic analysis. It is difficult to put a 
dollar value on the savings in time created by such a 
device. Clearly, it would be necessary to get feedback 
from potential customers before proceeding with 
development of such a device. 


Example 4.3 


Research is under way to develop a magnetic refrigerator 
[9]. This refrigerator operates by using magnetocaloric 
materials, which are materials that change temperature 
when exposed to a changing magnetic field. A magnetic 
refrigerator operates without a compressor and therefore 
does not need a refrigerant like Freon, which vaporizes 
and condenses in the vapor-compression cycle. Is there a 
need for such a refrigerator? 


Solution 


What are the advantages of such a refrigerator? There are 
two obvious ones. One is that a refrigerant like Freon is 
not needed. This may have spurred the initial research 
effort; however, the development of new refrigerants 
with more favorable environmental properties may have 
diminished this advantage. The other is the lack of a 
compressor, probably the most costly component of a 
vapor-compression refrigerator, both in capital cost and 
in operating cost. There are energy costs associated with 
the magnetic refrigerator, including a pump to circulate 
the cooling fluid and a motor to cycle the magnetocaloric 
material into and out of the magnetic field. Therefore, 
the savings created by compressor removal may be small. 
Based on these two factors, it is unclear whether there is 
a need for a magnetic refrigerator. 


Example 4.4 


With the advent of portable electric devices such as 
laptop computers, cellular phones, personal digital 
assistants, MP3 players, and so on, the length of time 
they can run before recharging and/or replacement of 
their power source is becoming an issue. Is there a 
product need here? 


Solution 


Anyone who has ever used a laptop computer where 
there is no source of power has probably, at one time or 
another, been frustrated by a battery that has run out 
before the desired work was completed. However, does 
this mean there is a need for a longer-lasting power 
source? Or will this be a high-end, niche market? 
Consider the situations when one uses a laptop computer 
for long periods of time away from a power source. One 
of the most common situations is on an airplane. 
However, newer aircraft now have fitted power 
connections at every seat. Some older aircraft have 
already been retrofitted with such power connections. As 
older aircraft are replaced or as they are modernized, will 


all aircraft used for longer flights have power available? If 
so, this could diminish the need for a longer-lasting 
power source, especially one that might require new 
technology and be costly. 


4.3 IDEAS 


The generation of ideas is tantamount to brainstorming. Just as 
in brainstorming, when ideas are being generated, there are no 
bad ideas. They will be screened in the next step, selection. 
Ideas can be sought from a variety of sources, including, but not 
limited to, members of the product development team, potential 
customers, and published literature. If there is a time for “pie in 
the sky ideas,” it is at this step. 

It is important to remember not to “get married” to an idea 
at this stage. The chances of the first idea generated being the 
best one are slim or none. As many ideas as can be imagined 
should be generated before moving on to the selection step. 


Examples 4.5 through 4.7 illustrate generation of ideas. 


Example 4.5 


Suggest some ideas for the zebra mussel problem in 
Example 4.1. 


Solution 


One possible idea is to invent a chemical or determine 
whether there is a chemical that can kill existing 
infestations. It would be nice if this were combined with 
a chemical that can prevent the infestations. If either of 
these methods were to be used, some type of delivery 
system would be needed. Another possibility is to place 
some type of filter at the water intake to keep the zebra 
mussels out of the water intake. Because zebra mussels 
are attracted to the warmer water near power plants and 
water treatment facilities, another possibility is to find a 
way to cool this water. There are undoubtedly other 
possibilities. Can you think of any? 


Example 4.6 


Suggest some ideas for the chlorine problem in Example 
4.2. 


Solution 


An alternative disinfectant to chlorine would be one 
possibility. A chemical would need to be developed that 
has similar disinfectant properties to chlorine, but 
without the smell and irritation. This would address 
those problems but not the problem of the time and 
effort needed to add disinfectant. Another possibility is 
some type of automatic dispenser for chlorine or a 


replacement disinfectant, so that a disinfectant reservoir 
would only have to be changed periodically and would 
not require daily attention. Another possibility is a device 
that makes chlorine from a less toxic chemical, in situ, 
somewhere in the filtration system. This would keep 
chlorine out of the pool, confining it to the region where 
water is circulated through the filter. There are 
undoubtedly other possibilities. Can you think of any? 


Example 4.7 


Suggest some ideas for a power source for laptop 
computers, as discussed in Example 4.4. 


Solution 


One possibility is to develop better batteries. This is 
currently being done. Early laptop computers used NiCd 
batteries. The next generation was Ni-metal-hydride 
batteries, and the current generation is Li-ion batteries. 
There will probably be another generation forthcoming. 
Another possibility is to develop fuel cells that can be 
used to power a laptop computer. There may be other 
possibilities. Can you think of any? 


4.4 SELECTION 


Once a sufficient number of ideas has been generated, it is 
necessary to screen the ideas and select a few for more detailed 
investigation. Scientific principles must be applied. If it is 
thermodynamically impossible to manufacture an alternative, 
that idea can be eliminated. If it is determined that the kinetics 
of a desired reaction are unfavorable, that idea might be 
eliminated or downgraded, although this might stimulate 
development of a new catalyst to improve selectivity. If it is 
possible to determine at this stage that an alternative will be far 
too expensive relative to another idea, that idea might be 
eliminated or downgraded. However, when in doubt, it is 
probably best not to reject any idea too soon. 

There are more quantitative methods for screening 
alternatives. One set of methods known as concept screening 
and concept scoring [4] will be briefly summarized here. More 
details can be found in Ulrich and Eppinger [4]. These methods 
are useful in that they allow subjective assessments to be 
quantified systematically for comparison purposes. 

In concept screening, a selection matrix is prepared by 
listing a set of criteria to be used to evaluate the alternatives. 
Then one alternative is chosen as a reference alternative. This 
should be an alternative with which the team doing the 
evaluation is most familiar, perhaps an industry standard. All 
criteria for the reference standard are assigned a value of zero, 
meaning “same as.” The criteria for all other alternatives are 


assigned values of +, meaning “better than”; zero; or -, meaning 
“worse than.” Then the number of “worse thans” is subtracted 
from the number of “better thans.” The net score for each 
alternative provides a relative ranking. Some type of reflection 
is needed at this stage to determine whether the results make 
sense and whether each criterion was assigned a reasonable 
value. The number of alternatives is now reduced, though it is 
up to those involved to determine how many alternatives 
survive to the next step. An example of concept screening is 
shown in Table 4.2. Here, Alternative 5 is chosen as the 
reference alternative. It is observed that alternatives with equal 
scores are assigned the same rank. To proceed to the next step, 
it will be assumed that only four alternatives—those with 
positive scores—remain in the selection process. 


Table 4.2 Example of Concept Screening 


Alternative 

Criterion 1 2 3 4 5 6 7 8 9 

| 1 (0) oO (0) o | 
+ = + + = 

| 2 (0) o o o o | 

+ + + + 
| 3 P; o o o o , | o | 
| 4 o oO Tene a ee o o | 
| 5 (0) MR o o | A 7 | 
| Total Score 2 -1 1 O O 1 2 -1 O | 
| Rank 1 8 3 5 5 3 1 8 5 | 


In concept scoring, the same matrix is used, but only on 
those alternatives that have survived the concept screening 
process. The results are now more quantitative. Each criterion is 
now assigned a relative weight, which reflects the team’s 
judgment as to its relative importance. A reference alternative is 
chosen. Then, for each alternative, each criterion is assigned a 
value from 1 to 5, where 1 = much worse than reference, 2 = 
worse than reference, 3 = same as reference, 4 = better than 
reference, and 5 = much better than reference. The score is 
calculated for each alternative by weighting the evaluations 
using the relative weights. Once again, some degree of reflection 
on the result is needed because this is a subjective process, 
particularly the assigning of relative weights. The best 
alternative is the one with the highest score. Because there is a 
large degree of subjectivity here, care should be exercised when 
differentiating between alternatives with close scores. Table 4.3 
illustrates concept scoring for the four alternatives chosen 
during concept screening. Based on this method, Alternative 1 is 
chosen for further study, although Alternative 7 is close. Once 


again, small differences in total score may not be significant. 
Also, information obtained during product development may 
change the relative weights and/or individual scores sufficiently 
so that the total score changes enough and Alternative 7 is 
actually the best choice. 


Table 4.3 Example of Concept Scoring 


Alternative 

Criterion Weight 1 3 6 7 
| 1 25% 5 3 4 3 | 
| 2 5% 3 4 3 4 | 
| 3 15% 5 3 5 5 | 
| 4 35% 3 1 2 5 | 
| 5 20% 3 4 3 1 | 
| Total Score 3.80 2.55 3.20 3.65 | 

Rank 1 3 4 2 


Caution should be exercised before using this method. There 
are subtleties associated with it, which are explained in more 
detail elsewhere [4]. 


4.5 MANUFACTURE 


This final step in the chemical product design structure is the 
most detailed. It includes determining whether the product can 
be manufactured, developing detailed product specifications, 
determining how the product is to be manufactured, and 
estimating the cost of manufacturing. It also includes sample or 
prototype testing, which may result in changes in the selection 
process and undoubtedly will result in modifications in every 
step of the manufacturing process until the optimal product and 
manufacturing process is obtained. 


These feedback loops in the manufacturing process exist for 
the manufacture of any product, even a commodity chemical. 
Before a multimillion-dollar plant is constructed, a pilot plant is 
usually constructed. Before a new chemical product is 
manufactured, small quantities are made in the laboratory to 
determine whether the product satisfies the need for which it 
was designed. Similarly, before a device is manufactured, a 
prototype is built and tested. 


One lesson is that device manufacture is likely to be a very 
interdisciplinary effort. In the magnetic refrigerator example, 
Example 4.3, mechanical engineers would be needed for the 
pulley system, and electrical engineers might be needed for the 
control systems. Industrial engineers may be needed to 
determine the most efficient manufacturing procedure and to 
help determine the unit cost in mass production, because the 
cost of a prototype always exceeds the unit cost in mass 
production. When interdisciplinary efforts are needed, it is 


recommended that the interdisciplinary team be involved from 
the beginning, if possible. Example 4.8 illustrates the type of 
product that might be manufactured. 


Example 4.8 


Suppose the following scenario has evolved for the zebra 
mussel problem discussed in Examples 4.1 and 4.5. It is 
not possible to use a filter to prevent zebra mussel 
infestation because in the veliger (infancy) stage, zebra 
mussels are microscopic. They attach to the wall of the 
intake pipe, where they grow into maturity. Once the 
walls are saturated, they stack on each other, eventually 
occluding the pipe. Therefore, some type of chemical 
treatment is desirable. It has been determined from 
experimentation that alkylbenzyldimethylammonium 
chloride (alkyl chains between 12 and 16 carbons) will kill 
existing infestations, and dead mussels detach from the 
wall [10]. Also, assume that it has also been determined 
that 0.3 wt% hydrogen peroxide will inhibit veliger 
attachment. Describe the manufacturing stage. 


Solution 


A delivery system is needed, both for the initial kill and 
for the hydrogen peroxide to prevent infestation. One 
possible solution is to design and market a technology for 
delivery of these chemicals. For example, suppose that a 
grating for the intake pipe containing flow channels with 
holes discharging into the intake pipe were designed. A 
pumping system would be needed to deliver the 
chemicals through the holes in the grating. If the fluid 
mechanics of the discharge into the intake pipe were 
studied to optimize hole placement, the hole placement 
could be optimized to ensure that the chemicals covered 
the entire cross section of the pipe at the desired 
concentration. This technology could then be marketed 
to water treatment facilities and power plants to prevent 
zebra mussel infestation. 


4.6 BATCH PROCESSING 


In the manufacture of a chemical product that is actually a 
chemical, batch operations are often employed. This is because 
specialty chemical products are usually produced in small 
batches. In the Douglas hierarchy discussed in Chapter 2, the 
first decision to be made in designing a chemical process is 
batch versus continuous. For production of a commodity 
chemical in the quantities reflected in the examples in Appendix 
B the choice will always be a continuous process. Similarly, for 
production of a specialty chemical, the choice will almost always 
be a batch process. 


The issues involved in batch processing were discussed in 


Chapter 3. 


4.7 ECONOMIC CONSIDERATIONS 


When a new process is constructed for a commodity chemical, 
the sale price for the chemical is largely determined by the price 
competitors charge for the same chemical. However, the law of 
supply and demand does affect the price. If new capacity exists 
without additional demand, the value of the chemical may drop; 
if new capacity is created in response to a demand, the value of 
the chemical can probably be estimated from its value before 
the demand increased. Either way, the value of the chemical can 
probably be bracketed reasonably easily. 

However, when a new product enters the market, the initial 
price usually reflects the value of its uniqueness. This behavior 
is seen every day. When new electronic devices enter the market 
(CD players, DVD players, projection TVs, HDTVs), they usually 
carry a high price tag. In part, this is because they are not being 
produced in large quantities, and in part it is because there are 
customers who will pay a huge premium to be the first to have 
one. Eventually, prices decrease to attract new customers and 
then decrease significantly if the product becomes a commodity. 
Pharmaceuticals, an example of a chemical product, also carry a 
high price tag when they are new. Pharmaceutical companies 
must recover the extremely high costs of product research and 
development and the regulatory process before their patents 
expire and low-cost, generic alternatives become available, or 
before a competitor invents a superior alternative. 


Therefore, although the profitability criteria that will be 
discussed in Chapter 10 can be used to evaluate the economics 
of chemical products, the details of the analysis may change. 
Years of research and development costs are included as capital 
costs. However, remember that there may be 10 to 15 years of 
such costs, and the time value of money requires that the price 
charged for the product must be high to obtain a favorable rate 
of return. Furthermore, there is risk with developing new 
products. One way to include risk in the profitability 
calculations that will be discussed in Chapter 10 is to increase 
the desired rate of return, which also increases the price of the 
product. (This is similar to the practice of lending institutions 
charging more for a loan to consumers with weaker credit 
histories, because they are poorer credit risks.) 


4.8 SUMMARY 


The challenges of chemical product design are different from 
those of chemical process design. These challenges include 
dealing with customer needs, screening alternatives, batch 
processing and scheduling, and the need for interdisciplinary 
teams more than in chemical process design. This chapter has 
been only a brief introduction to chemical product design. The 
major issues have been introduced, and examples have been 


presented to illustrate these principles. The readers interested 
in a more detailed treatment of product design should consult 
references [1], [3], and [4]. 


WHAT YOU SHOULD HAVE LEARNED 


e Chemical process design usually involves production of a chemical that 
eventually is used to make a product. 


e Chemical product design involves the manufacture of a specific product 
such as a new chemical or a device that employs chemical engineering 
principles. 


e The structure of solving a chemical product design problem is as 
follows: 


e Needs—what is needed 
e Ideas—list of alternatives to satisfy the need 
e Selection—select the final idea 


e Manufacture—how to produce the desired product 
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Chapter 5: Tracing Chemicals through 
the Process Flow Diagram 


WHAT YOU WILL LEARN 


In a continuous chemical process, there are reactants, products, and 
inerts. 


These components enter, leave, are formed, or are consumed in the 


process. 


Each component can be followed through the process. 


In Chapter 2, the unit operations from a process flow diagram 
(PFD) were classified into one of the six blocks of a generic 
block flow process diagram. In this chapter, you gain a deeper 
understanding of a chemical process by learning how to trace 
the paths taken by chemical species through a chemical process. 


5.1 GUIDELINES AND TACTICS FOR 
TRACING CHEMICALS 


In this chapter, guidelines and some useful tactics are provided 
to help you trace chemicals through a process. Two important 
operations for tracing chemical pathways in PFDs are the 
adiabatic mixer and adiabatic splitter. 


Mixer: Two or more input streams are combined to form a 
single stream. This single output stream has a well-defined 
composition, phase(s), pressure, and temperature. 
Splitter: A single input stream is split into two or more 
output streams with the same temperature, pressure, and 
composition as the input stream. All streams involved differ 
only in flowrate. 


These operations are found where streams meet or divide on a 
PFD. They are little more than tees in pipelines in the plant. 
These operations involve little design and minimal cost. Hence, 
they are not important in estimating the capital cost of a plant 
and would not appear on a list of major equipment. However, 
you will find in Chapter 13 that these units must be included in 
the flowsheets used for implementing and using chemical 
process simulators. 

The mixers and splitters are highlighted as shaded boxes on 
the flow diagrams presented in this chapter. They carry an “m” 
and “s” designation, respectively. 


5.2 TRACING PRIMARY PATHS TAKEN BY 
CHEMICALS IN A CHEMICAL 
PROCESS 


Chemical species identified in the overall block flow process 
diagram (those associated with chemical reactions) are termed 
primary chemicals. The paths followed by primary chemicals 
between the reactor and the boundaries of the process are 
termed primary flow paths. Two general guidelines should 
be followed when tracing these primary chemicals: 

1. Reactants: Start with the feed (left-hand side of the PFD) and trace 

chemicals forward toward the reactor. 


2. Products: Start with the product (right-hand side of the PFD) and trace 
chemicals backward toward the reactor. 


The following tactics for tracing chemicals apply to all unit 
operations except for chemical reactors: 


Tactic 1: Any unit operation, or group of operations, that 
has a single or multiple input streams and a single 
output stream is traced in a forward direction. If 
chemical A is present in any input stream, it must 
appear in the single output stream (see Figure 


5.1[a]). 
Trace 
(A) 
(A) 
—> 
Inputs Outputs 


If component (A) is in an input stream, it 
will also be in the output stream. 


(a) 


Trace 


A 
(A) = 


Inputs Outputs 
If component (A) is in an output stream, it 


will also be in the input stream. 
(b) 


Figure 5.1 Tactics for Tracing Chemical Species 


Tactic 2: Any unit operation, or group of operations, that 
has a single input stream and single or multiple 
output streams is traced in a backward direction. If 
chemical A is present in any output stream, it must 
appear in the single input stream (see Figure 
5.1[b]). 

Tactic 3: Systems such as distillation columns are 
composed of multiple unit operations with a single 
input or output stream. It is sometimes necessary 


to consider such equipment combinations as blocks 
before implementing Tactics 1 and 2. 


When tracing chemicals through a PFD, it is important to 
remember the following: 


Only in reactors are feed chemicals transformed into 


product chemicals. 


You may occasionally encounter situations where both 
reactions and physical separations take place in a single piece of 
equipment. In most cases, this is undesirable but unavoidable. 
In such situations, it will be necessary to divide the unit into two 
imaginary, or phantom, units. The chemical reactions take place 
in one phantom unit, and the separation in the second phantom 
unit. These phantom units are never shown on the PFD, but 
such units are useful when building a flowsheet for a chemical 
process simulator (see Chapter 13). 

These guidelines are demonstrated in Example 5.1, by 
determining the paths of the primary chemicals in the toluene 
hydrodealkylation process. The only information used is that 
provided in the skeleton process flow diagram given in Figure 
1.3. 


Example 5.1 
For the toluene hydrodealkylation process, establish the 


primary flow pathway for 


1. Toluene between the feed (Stream 1) and the reactor 
2. Benzene between the reactor and the product (Stream 15) 


Hint: Consider only one unit of the system at a time. 
Refer to Figure E5.1. 


£ lj aia -1014/8 


m-103 


Toluene 


= = æ Benzene 


Figure E5.1 Primary Chemical Pathways for Benzene 
and Toluene in the Toluene Hydrodealkylation Process 
(Figure 1.3) 


Solution 


Toluene Feed: Tactic 1 is applied to each unit operation 
in succession. 
1. Toluene feed Stream 1 mixes with Stream 11 in V-101. A single 


unidentified stream leaves tank V-101 and goes to pump P-101. All 
the toluene feed is in this stream. 


2. Stream 2 leaves pump P-101 and goes to mixer m-102. All the feed 
toluene is in this stream. 


3. Asingle unidentified stream leaves mixer m-102 and goes to 
exchanger E-101. All the feed toluene is in this stream. 

4. Stream 4 leaves exchanger E-101 and goes to heater H-101. All the 
feed toluene is in this stream. 


5. Stream 6 leaves heater H-101 and goes to reactor R-101. All the 
feed toluene is in this stream. 


Benzene Product: Tactic 2 is applied to each unit 
operation in succession. 


1. Product Stream 15 leaves exchanger E-105. 
2. Entering exchanger E-105 is an undesignated stream from s-103 
of the distillation system. It contains all of the benzene product. 


3. Apply Tactic 3 and treat the tower T-101, pump P-102, exchangers 
E-104 and E-106, vessel V-104, and splitter s-103 as a system. 


4. Entering this distillation unit system is Stream 10 from exchanger 
E-103. It contains all the benzene product. 

5. Entering exchanger E-103 is Stream 18 from vessel V-103. It 
contains all the benzene product. 


6. Entering vessel V-103 is an undesignated stream from vessel V- 
102. It contains all the benzene product. 


7. Entering vessel V-102 is an undesignated stream from exchanger 
E-102. It contains all the benzene product. 

8. Entering exchanger E-102 is Stream 9 from reactor R-101. It 
contains all the benzene product. 


The path for toluene was identified as an enhanced solid line in 
Example 5.1. For this case, it was not necessary to apply any 
additional information about the unit operations to establish 
this path. The two streams that joined the toluene path did not 
change the fact that all the feed toluene remained as part of the 
stream. All the toluene fed to the process in Stream 1 entered 
the reactor, and this path represents the primary path for 
toluene. 


The path for benzene was identified as an enhanced dotted 
line in Example 5.1. The equipment that makes up the 
distillation system was considered as an operating system and 
treated as a single unit operation. The fact that, within this 
group of process units, some streams were split with some of 
the flow returning upstream did not change the fact that the 
product benzene always remained in the part of the stream that 
continued to flow toward the product discharge. All the benzene 
product followed this path, and it represents the primary path 
for the benzene. The flow path taken for the benzene through 
the distillation column section is shown in more detail in Figure 
5.2. The concept of drawing envelopes around groups of 
equipment in order to carry out material and energy balances is 
introduced early into the chemical engineering curriculum. This 
concept is essentially the same as the one used here to trace the 
path of benzene through the distillation column. The only 
information needed about unit operations used in this analysis 
was the identification of the multiple units that made up the 
distillation system. This procedure can be used to trace 


chemicals throughout the PFD and forms an alternative tracing 
method that is illustrated in Example 5.2. 


Figure 5.2 Envelope around Tower T-101 Showing 


Alternative Method for Tracing Benzene Stream 


Example 5.2 


Establish the primary flow pathway for 


1. Hydrogen between its introduction as a feed and the reactor 


2. Methane between its generation in the reactor and the discharge 
from the process as a product 


Solution 


In order to determine the primary flow paths, systems 
are developed (by drawing envelopes around equipment) 
that progressively include additional unit operations. 
Reference should be made to Figure E5.2(a) for viewing 
and identifying systems for tracing hydrogen. 


| E-101 Combustion \ 
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Figure E5.2(a) Tracing Primary Chemical Pathways 
Using the Envelope Method 


Hydrogen Feed: Tactic 1 is applied to each system 
in a forward progression. Each system includes the 
hydrogen feed Stream 3, and the next piece of equipment 
to the right. 


System -a-: This system illustrates the first step in 
our analysis. The system includes the first 
unit into which the hydrogen feed stream 
flows. The unidentified stream leaving 
mixer m-103 contains the feed hydrogen. 


System -b-: Includes mixers m-103 and m-102. The 
exit stream for this system includes the 
feed hydrogen. 

System -c-: Includes mixers m-103, m-102, and 
exchanger E-101. The exit stream for this 
system, Stream 4, includes the feed 
hydrogen. 

System -d-: Includes mixers m-103, m-102, 
exchanger E-101, and heater H-101. The 
exit stream for this system, Stream 6, 
includes the feed hydrogen. Stream 6 
goes to the reactor. 


The four steps described above are illustrated in 
Figure E5.2(a). A similar analysis is possible for tracing 
methane, and the steps necessary to do this are 
illustrated in Figure E5.2(b). These steps are discussed 
briefly below. 


Figure E5.2(b) Tracing the Primary Flow Path for 
Methane in Toluene Hydrodealkylation PFD 


Methane Product: The methane produced in the 
process leaves in the fuel gas, Stream 16. Tactic 2 is 
applied to each system containing the fuel gas product, in 
backward progression. 


System -m-: Consists of m-105, m-104, E-105, T- 
101, V-104, P-102, s-103, E-104, E-106, E- 
103, V-102, V-103, and s-102. This is the 


smallest system that can be found that 
contains the fuel gas product stream and 
has a single input. 


System -n-: Includes the system identified above 
plus exchanger E-102 and compressor C- 
101. The inlet to E-102 contains all the 
methane in the fuel stream. This is 
Stream 9, which leaves the reactor. 


In the first step of tracing methane, including only m-105 
was attempted. This unit had two input streams, and it was not 
possible to determine which of these streams carried the 
methane that made up the product stream. Thus, Tactic 2 could 
not be used. In order to move ahead, additional units were 
added to m-105 to create a system that had a single input 
stream. The resulting system, System -m-, has a single input, 
with the unidentified stream coming from exchanger E-102. An 
identical problem would arise if the procedure used in Example 
5.1 were implemented. Figure 5.3 shows the primary paths for 
the hydrogen and methane. 


nna m Hydrogen 
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Figure 5.3 Primary Chemical Pathways for Methane and 
Hydrogen in the Toluene Hydrodealkylation PFD 


5.3 RECYCLE AND BYPASS STREAMS 


It is important to be able to recognize recycle and bypass 
streams in chemical processes. When identifying recycle and 
bypass streams, flow loops in the PFD are identified. Any time a 
flow loop is identified, either a recycle or a bypass stream exists. 
The direction of the streams, as indicated by the direction of the 
arrowheads, determines whether the loop contains a recycle or a 
bypass. The following tactics are applied to flow loops: 


Tactic 4: If the streams in a loop flow so that the flow 
path forms a complete circuit back to the point of 
origin, then itis a recycle loop. 


Tactic 5: If the streams in a loop flow so that the flow 
path does not form a complete circuit back to the 
place of origin, then it is a bypass stream. 


It is worth noting that certain pieces of equipment normally 


contain recycle streams. In particular, distillation columns very 
often have top and bottoms product reflux streams, which are 
essentially recycle loops. When identifying recycle loops, which 
loops contain reflux streams and which do not can be 
determined easily. Example 5.3 illustrates the procedure for 
identifying recycle and bypass streams in the toluene 
hydrodealkylation PFD. 


Example 5.3 


For the toluene hydrodealkylation PFD given in Figure 
E5.1, identify all recycle and bypass streams. 


Solution 


The recycle loops are identified in Figures E5.3(a) and 
E5.3(b). The main toluene recycle loop is highlighted in 
Figure E5.3(a), and the hydrogen recycle loops are shown 
in Figures E5.3(b)(a) and E5.3(b)(b). There are two 
reflux loops associated with T-101, and these are shown 
in Figures E5.3(b)(c) and E5.3(b)(d). Finally, there is a 
second toluene recycle loop identified in Figure E5.3(b) 
(e). This recycle loop is used for control purposes (see 
Chapter 18) and is not discussed further here. The logic 
used to deduce what chemical is being recycled in each 
loop is discussed in the next example. 
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Figure E5.3(a) Identification of Toluene Recycle 
Loop in Toluene Hydrodealkylation PFD 


Figure E5.3(b) Identification of Other Recycle Loops 
in Toluene Hydrodealkylation PFD 


Figure E5.3(c) Identification of Bypass Streams in 
Toluene Hydrodealkylation PFD 


The bypass streams are identified in Figure E5.3(c). 
These bypass streams contain mostly hydrogen and 
methane and are combined to form the fuel gas stream, 
Stream 16. 


It is important to remember that flow diagrams represent 
the most meaningful and useful documents to describe and 
understand a process. Although PFDs contain a lot of process 
information, it is sometimes necessary to apply additional 
knowledge about a unit operation to determine which chemicals 
are contained in a recycle stream. This idea is demonstrated in 
Example 5.4. 


Example 5.4 


Provide preliminary identification of the important 
chemical species in each of the three recycle streams 
identified in Example 5.3. See Figures E5.3(a), E5.3(b) 
(a), and E5.3(b)(b). 


Solution 


Figure E5.3(a) 

Stream 11: This is the bottoms product stream out of 
the distillation tower that provides the product 
benzene as distillate. The bottoms product stream 
must have a lower volatility than benzene. The only 
possible candidate is toluene. Stream 11 is essentially 
all toluene. 


Figures E5.3(b)(a) and E5.3(b)(b) 
Two undesignated streams leave splitter s-102: one 


stream leaves as part of a product stream and joins 
with other streams to form Stream 16, while the 
other stream passes through C-101 to splitter s-101. 
The input and the two streams leaving s-101 have the 
same composition. If any of the stream compositions 
are known, then they are all known. In addition, 
methane is a reaction product and must leave the 
process. There are only two streams that leave the 
process, namely, Streams 15 and 16. Because the 
methane is unlikely to be part of the benzene stream, 
it must therefore be in the stream identified as fuel 
gas, Stream 16. The assumption is made that the 
product stream leaving is gaseous and not pure 
methane. If it were pure, it would be labeled 
methane. 


The only other gas that could be present is hydrogen. 
Therefore, the fuel gas stream is a mixture of methane 
and hydrogen, and all three streams associated with s- 
101 have the same composition of methane and 
hydrogen. 

The stream that leaves splitter s-102 and goes 
through compressor C-101 to splitter s-101 is split further 
into Streams 5 and 7. All streams have the same 
composition. 

Stream 5 then mixes with additional hydrogen from 
Stream 3 in mixer m-103. The stream leaving m-103 
contains both hydrogen and methane, but with a 
composition of hydrogen greater than that in the other 
gas streams discussed. 

Finally, Stream 7, which also leaves splitter s-101, 
flows back to the reactor and forms the third recycle 
stream. 


Before the analysis in Example 5.4 can be accepted, it is 
necessary to check out the assumption used to develop the 
analysis. Up to this point, the skeleton flow diagram was used, 
but it did not provide the important temperatures, pressures, 
and flowrates that are seen in the completed PFD (Figure 1.5). 
Figure 1.5 gives the following information for the flowrates of 
reactants: 


Hydrogen (Stream 3): 572 kg/h (286.0 kmol/h) 
Toluene (Stream 1): 10,000 kg/h (108.7 kmol/h) 


Based on the information given in Table 1.5, only 108 
kmol/h of hydrogen reacts to form benzene, and 178 kmol/h is 
excess reactant that leaves in the fuel gas. The fuel gas content is 
about 40 mol% methane and 60 mol% hydrogen. This confirms 
the assumption made in Example 5.4. 


5.4 TRACING NONREACTING 
CHEMICALS 


Chemical processes often contain nonreacting, or inert, 
compounds. These chemicals must appear in both the input and 
output streams and are neither created nor destroyed in the 
process. Unlike the reactants, it makes no difference in what 
direction these nonreacting chemicals are traced. They can be 
traced in the forward direction, the backward direction, or, 
starting in the middle, they can be traced in both directions. 
Other than this additional flexibility, the tactics provided above 
can be applied to all nonreacting chemicals. 


5.5 LIMITATIONS 


When the tracing procedure resorts to combining several unit 
operations into a single system that provides a single stream, 
the path is incomplete. This can be seen in the paths of both 
product streams, methane and benzene, in Figure E5.1. 


Benzene: The benzene flows into and out of the distillation 
system as the figure shows. There is no indication how it 
moves through the internal units consisting of V-104, s-103, 
E-104, E-106, and T-101. 

Methane: The methane flows into and out of a system 
composed of V-102, V-103, s-102, and m-104. Again, there 
is no indication of the methane path. 


In order to determine the performance and the flows 
through these compound systems, you need more information 
than provided in the skeleton PFD, and you must know the 
function of each of the units. 

The development given in the previous sections used only 
the information provided on the skeleton PFD, without the 
description of the unit operation, and did not include the 
important flows, temperatures, and pressures that were given in 
the full PFD (Figure 1.5) and the flow table (Table 1.5). With this 
additional information and knowledge of the unit operations, 
you will be able to fill in some of the paths that are yet 
unknown. 

Each step in tracing the flow paths increases our 
understanding of the process for the production of benzene 
represented in the PFD. As a last resort, reference should be 
made to the flow table to determine the composition of the 
streams, but this fails to develop analytical skills that are 
essential to understand the process. 


5.6 WRITTEN PROCESS DESCRIPTION 


A process description, like a flow table, is often included with a 
PFD. When a description is not included, it is necessary to 
provide a description based upon the PFD. Based on the 
techniques developed in this chapter and Chapter 1, you should 
be able to write a detailed description of the toluene 
hydrodealkylation process. Table 5.1 provides such a 
description. You should read this description carefully and 


make sure you understand it fully. It would be useful, if not 
essential, to refer to the PFD in Figure 1.5 during your review. It 
is a good idea to have the PFD in front of you while you follow 
the process description. 


Table 5.1 Process Description of the Toluene 
Hydrodealkylation Process (Refer to Figures 5.3 and 
1.5) 


Fresh toluene, Stream 1, is combined with recycled toluene, Stream 11, in 
the storage tank, V-101. Toluene from the storage tank is pumped, via P- 
101, up to a pressure of 25.8 bar and combined with the recycled and 
fresh hydrogen streams, Streams 3 and 5. This two-phase mixture is then 
fed through the feed preheater exchanger, E-101, where its temperature 
is raised to 225°C, and the toluene is completely vaporized. Further 
heating is accomplished in the heater, H-101, where the temperature of 
the stream is raised to 600°C. The stream leaving the heater, Stream 6, 
enters the reactor, R-101, at 600°C and 25.0 bar. The reactor consists of 
a vertical packed bed of catalyst, down through which the hot gas stream 
flows. The hydrogen and toluene react catalytically to produce benzene 
and methane according to the following exothermic reaction: 


CH; + Hy > Cs He + CH4 
toluenebenzene 


The reactor effluent, Stream 9, consisting of benzene and methane 
produced from the reaction, along with the unreacted toluene and 
hydrogen, is quenched in exchanger E-102, where the temperature is 
reduced to 38°C using cooling water. Most of the benzene and toluene 
condenses in E-102, and the two-phase mixture leaving this exchanger is 
then fed to the high-pressure phase separator, V-102, where the liquid 
and vapor streams are allowed to disengage. 


The liquid stream leaving V-102 is flashed to a pressure of 2.8 bar and is 
then fed to the low-pressure phase separator, V-103. The liquid leaving 
V-103, Stream 18, contains toluene and benzene with only trace amounts 
of dissolved methane and hydrogen. This stream is heated in exchanger 
E-103 to a temperature of 90°C prior to being fed to the benzene 
purification column, T-101. The benzene column, T-101, contains 42 
sieve trays and operates at approximately 2.5 bar. The overhead vapor, 
Stream 13, from the column is condensed using cooling water in E-104, 
and the condensate is collected in the reflux drum, V-104. Any methane 
and hydrogen in the column feed accumulates in V-104, and these 
noncondensables, Stream 19, are sent to fuel gas. The condensed 
overhead vapor stream is fed from V-104 to the reflux pump P-102. The 
liquid stream leaving P-102, Stream 14, is split into two, one portion of 
which, Stream 12, is returned to the column to provide reflux. The other 
portion of the condensed liquid is cooled to 38°C in E-105, prior to being 
sent to storage as benzene product, Stream 15. The bottoms product 
from T-101, Stream 11, contains virtually all of the toluene fed to the 
column and is recycled back to V-101 for further processing. 


The vapor stream leaving V-102 contains most of the methane and 
hydrogen in the reactor effluent stream plus small quantities of benzene 
and toluene. This stream is split into two, with one portion being fed to 
the recycle gas compressor, C-101. The stream leaving C-101 is again split 
into two. The major portion is contained in Stream 5, which is recycled 
back to the front end of the process, where it is combined with fresh 
hydrogen feed, Stream 3, prior to being mixed with the toluene feed 
upstream of E-101. The remaining gas leaving C-101, Stream 7, is used 
for temperature control in the reactor, R-101. The second portion of the 
vapor leaving V-102 constitutes the major portion of the fuel gas stream. 
This stream is first reduced in pressure and then combined with the 


flashed vapor from V-103, Stream 17, and with the noncondensables 
from the overhead reflux drum, Stream 19. The combination of these 


three streams is the total fuel gas product from the process, Stream 16. 


The process description should capture all the knowledge 
that you have developed in this chapter and Chapter 1 and 
represents a culmination of our understanding of the process up 
to this point. 


5.7 SUMMARY 


This chapter showed how to trace many of the chemical species 
through a PFD, based solely upon the information shown on the 
skeleton PFD. It introduced operations involving splitting and 
mixing, not explicitly shown on the PFD, which were helpful in 
tracing these streams. 

For situations where there was no single input or output 
stream, systems containing multiple unit operations were 
created. The tracing techniques for these compound systems did 
not provide the information needed to determine the internal 
flows for these systems. In order to determine reflux ratios for 
columns, for example, the process flow table must be consulted. 


With the information provided, an authoritative description 
of the process can be prepared. 


WHAT YOU SHOULD HAVE LEARNED 


e Each component within a continuous chemical process can be traced. 


e The tracing of chemical components is achieved using simple rules. 


PROBLEMS 
Identify the main reactant and product process streams for 
the following: 
1. The ethylbenzene process shown in Figure B.2.1, Appendix B 


2. The styrene production facility shown in Figure B.3.1, 
Appendix B 


3. The drying oil production facility shown in Figure B.4.1, 
Appendix B 


4. The maleic anhydride production process shown in Figure 
B.5.1, Appendix B 

5. The ethylene oxide anhydride production process shown in 
Figure B.6.1, Appendix B 


6. The formalin production process shown in Figure B.7.1, 
Appendix B 


Identify the main recycle and bypass streams for the 
following: 


7. The styrene production facility shown in Figure B.3.1, 
Appendix B 


8. The drying oil production facility shown in Figure B.4.1, 
Appendix B 


9. The maleic anhydride production process shown in Figure 
B.5.1, Appendix B 
Write a process description for the following: 
10. The ethylbenzene process shown in Figure B.2.1, Appendix B 


11. The drying oil production facility shown in Figure B.4.1, 
Appendix B 


12. The ethylene oxide production facility shown in Figure B.6.1, 
Appendix B 


Chapter 6: Understanding Process 
Conditions 


WHAT YOU WILL LEARN 


e There are typical ranges for process temperatures and pressures. 


e There should be a reason for operating outside these ranges. 


In previous chapters, process flow diagrams (PFDs) were 
accepted without evaluating the technical features of the 
process. The process topology and process operating conditions 
were provided but were not examined. Economic evaluations 
may be carried out, but without confirming that the process 
would operate as indicated by the flow diagram. 

It is not uncommon to investigate process economics based 
upon assumed process performance. For example, in order to 
justify spending the capital to develop a new catalyst, the 
economics of a process using a hypothetical catalyst with 
assumed characteristics, such as no unwanted side reactions, 
might be calculated. 


The ability to make an economic analysis of a chemical 


process based on a PFD is not proof that the process 


will actually work. 


In this chapter, the reasons why the specific temperatures, 
pressures, and compositions selected for important streams and 
unit operations have been chosen will be investigated. Stream 
specifications and process conditions are influenced by physical 
processes as well as economic considerations and are not 
chosen arbitrarily. The conditions used in a process most often 
represent an economic compromise between process 
performance and the capital and operating costs of the process 
equipment. Final selection of operating conditions should not 
be made prior to the analysis of the process economics. In this 
chapter, the focus is on analyzing process conditions that 
require special consideration. As an example, the question of 
why a reactor is run at 600°C instead of 580°C is not addressed, 
but rather the reasons why the reactor is not run at a much 
lower temperature, for example, 200°C, are addressed. This 
type of analysis leads to the question of how process conditions 
are chosen and what the consequences are of changing these 
conditions. 


6.1 CONDITIONS OF SPECIAL CONCERN 
FOR THE OPERATION OF 


SEPARATION AND REACTOR 
SYSTEMS 


Process streams are rarely available at conditions most suitable 
for reactor and separation units. Temperatures, pressures, and 
stream compositions must be adjusted to provide conditions 
that allow effective process performance. This is discussed in 
Chapter 2, where the generic BFD was introduced (see Figure 
2.4[a]). This figure showed two feed preparation blocks: one 
associated with the reactor and the second with the separation 
section. 


Two generalizations are provided to assist in analyzing and 
understanding the selection of process conditions. 
e Itis usually easier to adjust the temperature and/or pressure of a stream 
than it is to change its composition. In fact, often the concentration of a 


compound in a stream (for a gas) is a dependent variable and is controlled 
by the temperature and pressure of the stream. 


e In general, pressures between 1 and 10 bar and temperatures between 
40°C and 260°C do not cause severe processing difficulties. 


The rationale for the conditions given in the second 
generalization are explained below. 


6.1.1 Pressure 


There are economic advantages associated with operating 
equipment at greater than ambient pressure when gases are 
present. These result from the increase in gas density and a 
decrease in gas volume with increasing pressure. All other 
things being equal, in order to maintain the same gas residence 
time in a piece of equipment, the size of the equipment through 
which the gas stream flows need not be as large when the 
pressure is increased. 


Most chemical processing equipment can withstand 
pressures up to 10 bar without much additional capital 
investment (see the cost curves in Appendix A). At pressures 
greater than 10 bar, thicker-walled, more expensive equipment 
is necessary. Likewise, operating at less than ambient pressure 
(vacuum conditions) tends to make equipment large and may 
require special construction techniques, thus increasing the cost 
of equipment. Another drawback of using vacuum conditions is 
the inevitable leakage of air into the process and the need to 
remove this air to avoid it building up in the system. For more 
information on vacuum systems refer to the section on steam 
ejectors in Chapter 23. 


A decision to operate outside the pressure range of 1 to 


10 bar must be justified. 


6.1.2 Temperature 

There are several critical temperature limits that apply to 
chemical processes. At elevated temperatures, common 
construction materials (primarily carbon steel) suffer a 


significant drop in physical strength and must be replaced by 
more costly materials. This drop in strength with temperature is 
illustrated in Example 6.1. 


Example 6.1 


The maximum allowable tensile strengths for typical 
carbon steel and stainless steel at ambient temperature, 
400°C, and 550°C are provided below (Walas [1]). 


Tensile Strength of Material at Temperature 
Indicated (bar) 


Temperature Ambient 400°C 550°C 


Carbon Steel 1190 970 170 
(Grade 70) 
Stainless Steel 1290 1290 430 
(Type 302) 


Determine the fractional decrease in the maximum 
allowable tensile strength (relative to the strength at 
ambient conditions) for the temperature intervals (a) 
ambient to 400°C and (b) 400°C to 550°C. 


Solution 


1. Interval: ambient to 400°C: 
Carbon Steel: (1190-970)/1190 = 0.18 
Stainless Steel: (1290-1290)/1290 = 0.0 


2. Interval: 400°C to 550°C: 
Carbon Steel: (970-170)/1190 = 0.67 
Stainless Steel: (1290-430)/1290 = 0.67 


Example 6.1 shows that carbon steel suffers a loss of 18%, and 
stainless steel suffers no loss in tensile strength, when heated to 
400°C. With an additional temperature increase of 150°C to 
550°C, stainless steel suffers a 67% loss while carbon steel 
suffers an additional 67% loss in strength. At an operating 
temperature of 550°C, carbon steel has a maximum allowable 
tensile strength of about 15% of its value at ambient conditions. 
For stainless steel, the maximum allowable strength at 550°C is 
about 33% of its ambient value. For this example, it is clear that 
carbon steel is unacceptable for service temperatures greater 
than 400°C, and that the use of stainless steel is severely 
limited. For higher service temperatures, more exotic (and 
expensive) alloys are required and/or equipment may have to 
be refractory lined. 


A decision to operate at greater than 400°C must be 


justified. 


Thus, if higher temperatures are specified, a justification must 
be found for the economic penalty associated with more 
complicated processing equipment, such as refractory-lined 


vessels or expensive materials of construction. In addition to the 
critical temperature of 400°C, there are temperature limits 
associated with the availability of common utilities for heating 
and cooling a process stream. 


Steam: High-pressure steam between 40 and 50 bar is 
commonly available and provides heat at 250 to 265°C. 
Above this temperature additional costs are involved. 


Water: Water from a cooling tower is commonly available 
at about 30°C (and is returned to the cooling tower at 
around 40°C). For utilities below this temperature, costs 
increase due to refrigeration. As the temperature decreases, 
the costs increase dramatically (see Table 8.3). 


If cryogenic conditions are necessary, there may be an 
additional need for expensive materials of construction. 


A decision to operate outside the range of 40°C to 


260°C, thus requiring special heating/cooling media, 
must be justified. 


6.2 REASONS FOR OPERATING AT 
CONDITIONS OF SPECIAL CONCERN 


When a review of the PFD for different processes is made, 
conditions in reactors and separators that lie outside the 
temperature and pressure ranges presented in Section 6.1 are 
likely to be found. This does not mean to say that these are 
“bad” processes, but rather that these conditions had to be used, 
despite the additional costs involved, in order for the process to 
operate effectively. These conditions, outside the favored 
temperature and pressure ranges, are identified as conditions of 
special concern. 


When these conditions are encountered, a rational 
explanation for their selection should be sought. If no 
explanation can be identified, the condition used may be 
unnecessary. In this situation, the condition may be changed to 
a less severe one that provides an economic advantage. 

A list of possible justifications for using temperature and 
pressure conditions outside the ranges given above are 
identified in Tables 6.1 through 6.3. The material provided in 
Tables 6.1 to 6.3 is based upon elementary concepts presented 
in undergraduate texts covering thermodynamics and reactor 
design. 


Table 6.1 Possible Reasons for Operating Reactors 
and Separators Outside the Temperature Ranges of 
Special Concern 


Process Justification for 
Stream Operating at This Penalty for Operating at 
Condition Condition This Condition 


High Reactors e Use of special process 


Temperature e 
(T > 250°C) 


Favorable equilibrium 
conversion for 
endothermic reactions 


Increase reaction rates 
Maintain a gas phase 
Improve selectivity 


Other reasons 


Separators 


Obtain a gas phase 
required for vapor-liquid 
equilibrium 


Other reasons 


Low Reactors 


Temperature , 


Favorable equilibrium 
(T < 40°C) 
reactions 


Temperature-sensitive 
materials 


Improved selectivity 
Maintain a liquid phase 
Other reasons 


Separators 


Obtain a liquid phase 
required for vapor-liquid 


conversion for exothermic 


heaters 


T > 400°C requires 
special materials of 
construction 


Uses expensive refrigerant 


e May require special 
materials of construction 


for very low temperatures 


or liquid-liquid equilibrium 


Obtain a solid phase for 
crystallization 


Temperature-sensitive 
materials 


Other reasons 


Table 6.2 Possible Reasons for Operating Reactors 
and Separators Outside the Pressure Range of 


Special Concern 


Process Justification 


Stream for Operating at This 
Condition Condition 

High Reactors ° 
Pressure Favorable equilibrium 
(P>10 conversion ‘ 
bar) 


Increased reaction rates 
for gas-phase reactions 
(due to higher 
concentration) 


Maintain a liquid phase 


Other reasons 


Separators 


Obtain a liquid phase for 
vapor-liquid or liquid- 


Penalty for Operating at 
This Condition 


Requires thicker-walled 
equipment 


Requires expensive 
compressors if gas streams 
must be compressed 


Low 
Pressure 
(P < 1 bar) 


liquid equilibrium 
Other reasons 


Reactors 


Favorable equilibrium 


conversion 
Maintain a gas phase 


Other reasons 


Separators 


Obtain a gas phase for 
vapor-liquid equilibrium 


Temperature-sensitive 


materials 


Other reasons 


Requires large equipment 


Special design for vacuum 
operation 


Air leaks into equipment that 
may be dangerous and 
expensive to prevent and costly 
to remove 


Table 6.3 Possible Reasons for Non-Stoichiometric 


Reactor Feed Compositions of Special Concern 


Stream 
Condition 


Inert ° 
Material 

in Feed to 
Reactor 


Excess ° 
Reactant 


Product e 
Present in 
Feed to 
Reactor 


Penalty for 
Process Justification for Operating at 
Operating at This Condition This Condition 


Acts as a diluent to control the rate ofe Causes reactor and 


reaction and/or to ensure that the downstream 
reaction mixture is outside the equipment to be 
explosive limits (exothermic larger since inert 
reactions) takes up space 


Inhibits unwanted side reactions e Requires 


Other reasons 


separation 
equipment to 
remove inert 
material 


e May cause side 
reactions (material 
is no longer inert) 


e Decreases 
equilibrium 
conversion 


Increases the equilibrium conversione Requires 


of the limiting reactant 


Inhibits unwanted side reactions 


Other reasons 


separation 
equipment to 
remove excess 
reactant 


e Requires recycle 


e Added feed 
material costs (due 
to losses in 
separation and/or 
no recycle) 


Product cannot easily be separated © Causes reactor and 


from recycled feed material 


Recycled product retards the 
formation of unwanted by-products 


downstream 
equipment to be 
larger 


formed from side reactions e Requires larger 


N recycle loo 
e Product acts as a diluent to control y p 


the rate of reaction and/or to ensure e Decreases 


that the reaction mixture is outside equilibrium 
the explosive limits, for exothermic conversion 
reactions 


e Decreases 


e Other reasons selectivity 


The rationale used to justify operating at temperatures that 
are of special concern and that are presented in Table 6.1 is 
given in the following list. The justification for entries in Tables 
6.2 and 6.3 has a similar rationale. 


For chemical reactors, possible justifications for operating at 
conditions of special concern are as follows. 


1. Favorable Equilibrium Conversion: If the reaction is endothermic 
and approaches equilibrium, it benefits from operating at high 
temperatures. Le Chatelier’s principle states that “for a reacting system at 
equilibrium, the extent of the reaction will change so as to oppose any 
changes in temperature or pressure.” For an endothermic reaction, an 
increase in temperature tends to push the reaction equilibrium to the 
right (toward products). Conversely, low temperatures decrease the 
equilibrium conversion. 

2. Increase Reaction Rates: All chemical reaction rates are strongly 
dependent upon temperature through an Arrhenius-type equation: 


Eact 


kreaction al koe RT (6.1) 


As temperature increases, so does the reaction rate constant, kreaction, for 
both catalytic and noncatalytic reactions. Therefore, temperatures greater 
than 250°C may be required to obtain a high enough reaction rate in order 
to keep the size of the reaction vessel reasonable. 

3. Maintain a Gas Phase: Many catalytic chemical reactions used in 
processes today require both reactants and products to be in the gas 
phase. For high-boiling-point materials or operations where high pressure 
is used, a temperature in excess of 400°C may be required in the reactor 
in order to maintain all the species in the vapor phase. 

4. Improve Selectivity: If competing reactions (series, parallel, or a 
combination of both) occur and the different reactions have different 
activation energies, then the production of the desired product may be 
favored by using a high temperature. Schemes for competing reactions are 
covered in greater detail in many of the well-known texts on chemical 
reaction engineering, as well as in Chapter 22. 


For separators, the following item of justification is presented: 


1. Obtain a Vapor Phase for Vapor-Liquid Equilibrium: This 
situation arises quite frequently when high-boiling-point materials need 
to be distilled. An example is the distillation of crude oil in which the 
bottom of the atmospheric column is typically operated in the region of 
310°C to 340°C (590°F to 645°F). 


Familiarity with the information presented in Tables 6.1 to 6.3 
is important to understand the justifications given in these 
tables. These tables should not be considered an exhaustive list 
of possible reasons for operating in the ranges of special 
concern. Instead, they represent a starting point in analyzing 
process conditions. As other explanations for reasons to operate 
equipment in the ranges of special concern are discovered they 
may be added to Tables 6.1-6.3. Additional blank entries are 


provided for this purpose. 


6.3 CONDITIONS OF SPECIAL CONCERN 
FOR THE OPERATION OF OTHER 
EQUIPMENT 


Additional equipment (such as pumps, compressors, heaters, 
exchangers, and valves) produce the temperature and pressure 
required by the feed streams entering the reactor and 
separation sections. When initially choosing the stream 
conditions for the reactor and separator sections, it is 
worthwhile using certain guidelines or heuristics. These 
technical heuristics are useful guidelines for doing design. 
Comprehensive lists of heuristics are described and applied in 
Chapter 11. In this chapter, some of the more general guidelines 
that apply to streams passing through process equipment are 
presented. These are presented in Table 6.4. Some of these 
guidelines are explored in Example 6.2. 


Table 6.4 Changes in Process Conditions That Are of 
Special Concern for a Stream Passing through a 


Single Piece of Equipment 


Type of 
Equipment 


1. Compressors 


2. Heat 
Exchangers 


3. Process 
Heaters 


Change in 
Stream 
Condition 
Causing 
Concern 


Poul Pin >3 


High- 
temperature 
inlet gas 


ATim > 
100°C 


Tout < Tsteam 


available 


Justification 
or Remedy 


Remedy: Use 
multiple stages 
and 
intercoolers. 


Remedy: Cool 
the gas before 
compression. 


Remedy: 
Integrate heat 
better within 
process (see 
Chapter 15). 


Justification: 
Heat 
integration not 
possible or not 
profitable. 


Remedy: Use 
high-pressure 
steam to heat 
process stream. 


Penalty for 
Operating 
Equipment in 
This Manner 


High theoretical 
work requirement 
due to large 
temperature rise of 
gas stream. 


High theoretical 
work requirement 
and special 
construction 
materials required. 


Large temperature 
driving force 
means that 
valuable high- 
temperature 
energy is wasted. 


Process heaters are 
expensive and 
unnecessary if 
heating can be 
accomplished by 
using an available 
utility. 


Justification: 
Heater may be 
needed during 
start-up. 


4. Valves Large AP Remedy: For Wasteful 
across valve gas streams expenditure of 
install a energy due to 
turbine to throttling. 
recover lost 
work. 


1. Valve used for 
control 
purposes. 

2. Installation of 


Justification: 
turbine not 


profitable. 
3. Liquid is being 
throttled. 

5. Mixers Streams of Remedy: Wasteful 
(Streams greatly Bring expenditure of 
Mixing) differing temperatures high-temperature 

temperatures of streams energy. 
mix closer together 
using heat 
integration. 
Streams of Justification: Causes extra 
greatly 1. Quenching of separation 
differing reaction equipment and 
composition products. cost. 
sas 2. Provides 
driving force 
for mass 
transfer. 


Example 6.2 


It is necessary to provide a nitrogen stream at 80°C anda 
pressure of 6 bar. The source of the nitrogen is at 200°C 
and 1.2 bar. Determine the work and cooling duty 
required for three alternatives. 


1. Compress in a single compression stage and cool the compressed 
gas. 
2. Cool the feed gas to 80°C and then repeat Part (a). 


3. Repeat Part (b), except use two stages of compression with an 
intercooler. 
4. Identify any conditions of special concern that occur. 


Solution 


Nitrogen can be treated as an ideal diatomic gas for this 
comparison. Use as a basis 1 kmol of nitrogen and 
assume that the efficiency, £, of each stage of 
compression is 70%. 

For ideal diatomic gas: Cp = 3.5R, Cy = 2.5R, y = 
C,/Cy = 1.4, R = 8.314 kJ/kmol K, and assuming an 


efficiency, € = 0.70 
Equations used:q = C, AT, w = RTiny 
/(y~1)[Pout/Pin)/7 — We, 
Tout = Tin (1+ 2{(Pout /Pin)™ -1]) 


Figure E6.2 gives the process flow diagrams for the 
three alternatives and identifies stream numbers and 


utilities. 
cw 
D Ò 3 > -À 
ii i 
cw cw 
D È 4 > -B. 
w; 
q qe 


cw 


Figure E6.2 Alternative Process Schemes for 
Compression of Nitrogen 


The results of the calculations for Parts (a), (b), and 
(c) are provided in Table E6.2, which shows stream 
conditions and utility requirements. To keep the 
calculations simple, the pressure drops across and 
between equipment have been ignored. 


Table E6.2 Flow Summary Table for Example 
6.2 and Figure E6.2 


CW cw 
q ý [3 % iý > % 
d D 


System -A- System -B- System -C- 


Stream Number in T P T P T P 
Figure E6.2 (°C) (bar) (°C) (bar) (°C) (bar) 
1 200 1.2 200 1.2 200 1.2 
2 595 6.0 80 12 80 12 
3 80 6.0 374 6.0 210 2.68 
4 — — 80 6.0 80 2.68 
5 — = — — 210 6.0 


Heat: kJ/kmol 
qı 14,970 3490 3490 
q2 = 8550 3780 


93 = me 3780 


(total 14,970 12,040 11,050 


Part (d): Alternative -A-requires a compressor exit 
temperature of 595°C, which is a condition of special 
concern. Note also that although the intermediate 
temperature of the gas (stream) in Alternative -B-was 
374°C, because this stream is to be cooled there are no 
concerns about utility requirements. 


Example 6.2 showed three alternatives of differing complexity 
for achieving the same final conditions. The amount of work (w) 
and cooling utilities (q) required for each alternative were 
calculated. Based solely upon process complexity, Alternative - 
A-is the most desirable. However, this alternative has several 
disincentives that should be considered before final selection: 


1. The highest electric utility demand and cost (assuming that the 
compressor is electrically driven) 
2. The highest cooling utility demand and cost 


3. A condition of special concern, that is, T > 400°C (see Table 6.1) Note: 
Compressors are high-speed rotating devices where the loss of material 
strength and thermal expansion is critical. The purchase cost of the 
compressor undergoes a quantum jump for high-temperature operations. 


4. Exceeds the 3/1 pressure ratio provided as a guideline (see Table 6.4) 


Alternative -B-is more complex than Alternative -A-because 
it requires an additional heat exchanger, but it avoids the 
condition of special concern in item 3. The result of using this 
extra exchanger is a significant decrease in utilities over 
Alternative -A-. As a result, it is likely that Alternative -B-would 
be preferred to Alternative -A-. 


Alternative -C-requires an extra stage of compression and an 
additional cooler before the second compressor, something that 
is not required by Alternative -B-. However, Alternative -C- 
results in an additional savings in utilities over Alternative -B-. 


The qualitative analysis given above suggests that both 
Alternatives -B-and -C-are superior to Alternative -A-. This 
conclusion is consistent with the two heuristics for compressors 
in Table 6.4: it is better to cool a hot gas prior to compressing it, 
and it is usually desirable to keep the compression ratio less 
than 3:1. Before a final selection is made, an economic analysis, 
which must include both the capital investment and the 
operating costs, should be carried out on each of the competing 
schemes. The equivalent annual operating cost (EAOC), 
described in Chapter 10, would be a suitable criterion to make 
such a comparison. 


The information given in Table 6.4 should be reviewed and 
the rules, along with the penalties, remedies, and justifications, 
for operating equipment under these conditions should be 
understood. Additional reasons why operating the equipment 
under these conditions is justified may be found along with 
additional heuristics and these can be added to the explanations 
given in Tables 6.1 through 6.3. 


6.4 ANALYSIS OF IMPORTANT PROCESS 
CONDITIONS 


In this section, the focus is to analyze and justify the conditions 
of special concern found in a process flow diagram. To help with 
this analysis, it is beneficial to prepare a process conditions 
matrix (PCM). In the PCM, all the equipment is listed vertically 
and the conditions of special concern are listed horizontally. 
Each unit is reviewed for conditions of special concern, and a 
check mark is used to identify which pieces of equipment have 
been identified. The PCM for the toluene hydrodealkylation 
process is shown in Table 6.5. The information for this PCM was 
obtained from Chapter 1, and should be verified to ensure that 
none of the areas of special concern have been missed. 


Table 6.5 Process Conditions Matrix for the PFD of 
the Toluene Hydrodealkylation Process Shown in 
Figure 1.5 


Reactors and Separators Tables 
6.1-6.3 Other Equipment Table 6.4 


Non- 
High Low | High | Low | Stoich. 
Equipment| Temp |Temp|Pres.|Pres.| Feed | Comp} Exch.| Htr.| Valve| Mix 


The special conditions identified in Table 6.5 are now 
considered and justified. 


6.4.1 Evaluation of Reactor R-101 

Three conditions of concern have been identified for the reactor. 
They are high temperature, high pressure, and non- 
stoichiometric feed conditions. 

In order to understand why these conditions are needed, 
additional information about the toluene hydrodealkylation 
reaction is required. Table 6.6 provides this additional but 
limited information. This information is divided into two 
groups. 


Table 6.6 Equilibrium and Reaction Kinetics Data for 
the Toluene Hydrodealkylation Process 


Reaction Stoichiometry 


| CsH;CH3 + H> = Cs He + CH4 


toluene benzene 


Equilibrium Constant (T is in units of K) 
ln(Kp) = 13.51 + 7 — 2.073 1n(T) + 3.499 x 10-47 + 4.173 


x 1078 T? + 2 
4h 


Heat of Reaction 
AFH eaction = —37, 190 — 17.24T + 29.09 x 10-*T? + 0.6939 


-6m3 , 30,160 kJ 
x 10°T? + = Asal 


At the Reaction Conditions of 600°C (873 K) 


Heat of Reaction, A Hreaction = —49, 500-2 


kmol 
Information on Reaction Kinetics 


No side reactions 


Reaction is kinetically controlled 


| Equilibrium Constant, Kp = 265 


Thermodynamic Information: This is information 
found in most chemical engineering thermodynamic 
textbooks: 


1. Information required to perform energy balances, including heats of 
reaction and phase change, heat capacities, and so on 


2. Information required to determine equilibrium conversion, including 
heats of formation, free energy of formation, and so on 


Figure 6.1 is a plot of the heat of reaction and the 
equilibrium constant as a function of temperature, 
evaluated from the information provided in Table 6.6. From 
these plots it is evident that the chemical reaction is slightly 
exothermic, causing the equilibrium constant to decrease 
with temperature. 
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Figure 6.1 Equilibrium Constant and Heat of Reaction as 
a Function of Temperature for the Toluene 
Hydrodealkylation Reaction 


Reaction Kinetics Information: This information is 
reaction specific and must be obtained experimentally. The 
overall kinetics may involve homogeneous and 
heterogeneous reactions both catalytic and noncatalytic. 
The expressions are often complex. 


Before a process is commercialized, reaction kinetics 
information, such as space velocity and residence times, must 
be obtained for different temperatures and pressures from pilot 
plant studies. Such data are necessary to design the reactor. At 
this point, the specific details of the reactor design are not of 
interest, and hence specific kinetics expressions have not been 
included in Table 6.6 and are not necessary for the following 
analysis. 

The analysis of the reactor takes place in two parts. 


1. Evaluation of the special conditions from the thermodynamic point of 
view. This assumes that chemical equilibrium is reached and provides a 
limiting case. 

2. Evaluation of the special conditions from the kinetics point of view. This 


accounts for the limitations imposed by reaction kinetics, mass transfer, 
and heat transfer. 


If a process is unattractive under equilibrium (thermodynamic) 
conditions, analysis of the kinetics is not necessary. For 


processes in which the equilibrium conditions give favorable 
results, further study is necessary. The reason for this is that 


conditions that favor high equilibrium conversion may be 
unfavorable from the standpoint of reaction kinetics. 


Thermodynamic Considerations. The use of high- 
temperature, high-pressure, and non-stoichiometric feed 
conditions are considered separately. 


High-Temperature Concern (see Table 6.1). Figure 
6.1 provided the important information that the reaction is 
exothermic. Table 6.1 notes that for an exothermic reaction, the 
result of increasing temperature is a reduction in equilibrium 
conversion. This is confirmed by the plot of the equilibrium 
constant versus temperature given in Figure 6.1. The decrease 
in the equilibrium conversion is undesirable. The actual 
conversion for the HDA process is compared with the 
equilibrium conversion in Example 6.3. 


Example 6.3 


For the PFD presented in Figure 1.5, 


1. Calculate the actual conversion. 

2. Evaluate the equilibrium conversion at 600°C. 
Assuming ideal gas behavior: Kp = 
(NobenzeneN methane) /(NtolueneNhydrogen) where N represents the 
moles of each species at equilibrium. 


Information on the feed stream to the reactor from Table 1.5 
(Stream 6 on Figure 1.5): 


Hydrogen 735.4 kmol/h 

Methane 317.3 

Benzene 7.6 

Toluene 144.0 

Total 1204.3 
Solution 


1. Actual Conversion: Toluene in exit stream (Stream 9) = 36 kmol/h 
Conversion = (144 - 36)/144 = 0.75 (75%) 

2. Equilibrium Conversion at 600°C. From Table 6.6 at 600°C Kp = 
265 
Let N = kmol/h of benzene formed 
265 = [(N + 7.6)(N + 317.3)]/1(0735.4 - N)(144 - N)] 
N= 143.6 
Equilibrium Conversion = 143.6/144 = 0.997 (99.7%) 


The equilibrium conversion for the hydrodealkylation 
reaction remained high in spite of the high temperature. The 
elevated temperature in the reactor cannot be justified from a 
thermodynamic point of view. 


High-Pressure Concern (see Table 6.2). From the 
reaction stoichiometry, it can be seen that there are equal 
numbers of reactant and product moles in the 
hydrodealkylation reaction. For this case, there is no effect of 


pressure on equilibrium conversion. From a thermodynamic 
point of view there is no reason for the high pressure in the 
reactor. 


Non-Stoichiometric Feed (see Table 6.3). The 
component feed rates to the reactor (see Example 6.3) show 
that 


1. Toluene is the limiting reactant. 
2. Hydrogen is an excess reactant (more than 400% excess). 


3. Methane, a reaction product, is present in significant amounts. 


Reaction Products (Methane) in Feed. The presence of 
reaction product in the feed results in a reduction in the 
equilibrium conversion (see Table 6.3). However, Example 6.3 
shows that at the conditions selected for the reactor, the 
equilibrium conversion remained high despite the presence of 
the methane in the feed. 


Excess Reactant (Hydrogen) in Feed. The presence of 
excess reactants in the feed results in an increase in equilibrium 
conversion (see Table 6.3). Example 6.4 explores the effect of 
this excess hydrogen on conversion. 


Example 6.4 


(Reference Example 6.3.) Reduce the amount of 
hydrogen in the feed to the reactor to the stoichiometric 
amount—that is, 144 kmol/h—and determine the effect 
on the equilibrium conversion at 600°C. 


Solution 


The calculations are not shown. They are similar to those 
in Example 6.3(b). The total moles of hydrogen in the 
feed were changed from 735.4 kmol/h to the 
stoichiometric value of 144 kmol/h. 

The results obtained were N = 128.8 kmol/h, 
equilibrium conversion = 0.895 (89.5%). 


Example 6.4 reveals that the presence of the large excess of 
hydrogen had a noticeable effect on the equilibrium conversion. 

It is concluded that thermodynamic considerations do not 
explain the selection of the high temperature, the high pressure, 
and the presence of reaction products in the feed. The presence 
of a large excess of hydrogen is the only positive effect predicted 
by thermodynamics. 


Consideration of Reaction Kinetics. The information 
on reaction kinetics is limited in this chapter. A more detailed 
description of kinetics rate expressions will be given in Chapter 
22. However, a great deal of understanding can still be extracted 
from the limited information presented here. 

From the information provided in Table 6.6 and Chapter 1 
the following is known: 


1. The reaction takes place in the gas phase. 
2. The reaction is kinetically controlled. 
3. There are no significant side reactions. 


High-Temperature Concern (see Table 6.1). In a 
region where the reaction kinetics control, the reaction rate 
increases rapidly with temperature, as Example 6.5 illustrates. 


Example 6.5 


The activation energy for the rate of reaction for the 
hydrodealkylation of toluene is equal to 148.1 kJ/mol 
(Tarhan [2]). What is the reaction rate at 600°C relative 
to that at 400°C? 


Solution 


Ratio of Reaction Rates = exp|—E/R{1/T2 —1/T;}] 
exp[148100/8. 314{1/673 — 1/873}] = 430 


I 


The size of a reactor would increase by nearly three 
orders of magnitude if the reaction were carried out at 
400°C (the critical temperature for materials selection, 
Table 6.1) rather than 600°C. Clearly the effect of 
temperature is significant. 

Most reactions are not kinetically controlled as is the 
case here. In most cases the rate is controlled by heat or 
mass transfer considerations. These are not as sensitive 
to temperature changes as chemical reaction rates. For 
more detail, see Chapter 22. 


High-Pressure Concern (see Table 6.2). For gas-phase 
reactions, the concentration of reactants is proportional to the 
pressure. For a situation where the reaction rate is directly 
proportional to the concentration, operation at 25 bar rather 
than at 1 bar would increase the reaction rate by a factor of 25 
(assuming ideal gas behavior). Although it is not known that the 
rate is directly proportional to the concentration, it can be 
predicted that the effect of pressure is likely to be substantial, 
and the reactor size will be substantially reduced. 


Non-Stoichiometric Feed (see Table 6.3). The reactor 
feed contains both excess hydrogen and the reaction product 
methane. 


Methane in the Feed. The effect of methane is to reduce 
the reactant concentrations. This decreases the reaction rate 
and represents a negative impact. The methane could possibly 
reduce the formation of side products, but there is no 
information to suggest that this is the case. 


Excess Hydrogen in the Feed. The large amount of 
excess hydrogen in the feed ensures that the concentration of 
hydrogen will remain large throughout the reactor. This 


increases the reaction rate. Although there is no information 
provided regarding the decision to maintain the high hydrogen 
levels, it may be linked to reducing the formation of side 
products. 


With the exception of the presence of methane product in 
the feed, the high-temperature operation, the excess hydrogen, 
and the elevated pressure all support an increase in reaction 
rate and a reduction in reactor volume. This suggests that the 
catalyst is not “hot”—that is, the catalyst is still operating in the 
reaction-controlled regime and mass transfer effects have not 
started to intrude. For these conditions, the manipulation of 
temperatures and pressures is essential to limit the reactor size. 

There is a significant economic penalty for using more than 
400% excess hydrogen in the reactor feed. The raw material 
cost of hydrogen would be reduced significantly if excess 
hydrogen were not used. The fact that this large excess is used 
in spite of the economic penalty involved suggests that the 
hydrogen plays an important role in the prevention of side 
products. The concept of selectivity is discussed further in 
Chapter 23. 


The presence of methane in the feed has not yet been 
resolved. At best it behaves as an inert and occupies volume that 
must be handled downstream of the reactor, thus making all the 
equipment larger and more expensive. This question is 
considered in more detail in Example 6.6. 


Example 6.6 


It has been proposed that the hydrogen/methane stream 
is handled in the same manner as was the 
toluene/benzene stream. Recall that the unreacted 
toluene was separated from the benzene product and 
then recycled. It is proposed that the methane be 
separated from the hydrogen. The methane would then 
become a process by-product and the hydrogen would be 
recycled. Discuss this proposal using the arguments 
provided in Tables 6.1 and 6.2. 


Solution 


To use distillation for the separation of methane from 
hydrogen, as was used with the toluene/benzene, 
requires a liquid phase. For methane/hydrogen systems, 
this requires extremely high pressures together with 
cryogenic temperatures. 

If the hydrogen could be separated from the methane 
and recycled, then the reactor feed would not contain 
significant quantities of methane, and the large excess of 
hydrogen could be maintained without the steep cost of 
excess hydrogen feed. Note that the overall conversion of 
hydrogen in the process is only 37%, whereas for toluene 
it is 99%. 


Alternative separation schemes that do not require a 
liquid phase (e.g., a membrane separator) should be 
considered. The use of alternative separation 
technologies is addressed further in Chapter 12. 


6.4.2 Evaluation of High-Pressure Phase Separator V-102 


This vessel separates toluene and benzene as a liquid from the 
noncondensable gases hydrogen and methane. The reactor 
product is cooled and forms a vapor and a liquid stream that are 
in equilibrium. The vapor-liquid equilibrium is at the 
temperature and pressure of the stream entering V-102. From 
Tables 6.1 and 6.2, it can be concluded that the lower 
temperature (38°C) was provided to obtain a liquid phase for 
the vapor-liquid equilibrium. The pressure was maintained to 
support the formation of the liquid phase. Because the 
separation can be accomplished relatively easily at high 
pressure, it is worthwhile maintaining V-102 at this high 
pressure. 


6.4.3 Evaluation of Large Temperature Driving Force in 
Exchanger E-101 
There is a large temperature driving force in this exchanger, 
because the heating medium is at a temperature of 
approximately 250°C, and the inlet to the exchanger is only 
30°C. This is greater than the 100°C suggested in Table 6.4. 
This is an example of poor heat integration, and a closer look at 
improving this will be taken in Chapter 15 (also see the case 
study presented in Chapter 30). 


6.4.4 Evaluation of Exchanger E-102 


Stream 9 is cooled from 654°C to 40°C using cooling water at 
approximately 35°C. Again this is greater than the 100°C 
suggested in Table 6.4, and the process stream has a lot of 
valuable energy that is being wasted. Again, a lot of money can 
be saved by using heat integration (see Chapter 15). 


6.4.5 Pressure Control Valve on Stream 8 


The purpose of this control valve is to reduce the pressure of the 
stream entering the fuel gas line from 23.9 bar to 2.5 bar. This 
reduction in pressure represents a potential loss of useful work 
due to the throttling action of the valve. Referring to Table 6.4, 
it can be seen that when a gas is throttled, work can be 
recovered by using a turbine, although this may not be 
economically attractive. The operation of this valve is justified 
because of its control function. 


6.4.6 Pressure Control Valve on Stream from V-102 to V-103 


The purpose of this valve is to reduce the pressure of the liquid 
leaving V-102. This reduction in pressure causes some 
additional flashing and recovery of dissolved methane and 
hydrogen from the toluene/benzene mixture. The flashed gas is 
separated in V-103 and sent to the fuel gas line. The purpose of 
this valve is to control the pressure of the material fed to the 


distillation column T-101. Because the stream passing through 
the valve is essentially all liquid, little useful work could be 
recovered from this stream. 

This completes the review of the conditions of special 
concern for the toluene hydrodealkylation process. 


6.5 SUMMARY 


In this chapter, the identification of process conditions that are 
of special interest or concern in the analysis of the PFD was 
covered. A series of tables was presented in which justifications 
for using process conditions of special concern were given. The 
process conditions matrix (PCM) was introduced for the toluene 
hydrodealkylation process and all the equipment in which 
process conditions of special concern existed were identified. 
Finally, by comparing the process conditions from the PFD to 
those given in the tables, an analysis was made as to why these 
conditions were selected for the process and where 
improvements could be made. 


WHAT YOU SHOULD HAVE LEARNED 
The preferred pressure range in a chemical process is 1-10 bar. 
The preferred temperature range in a chemical process is 40°C-260°C. 


Operating above 400°C requires justification. 


There are reasons for operating outside these ranges, and there are 
many examples in the chemical process industry. 


There are financial consequences of operating outside these ranges, 
such as the need for refrigeration, the inability to use steam for heating, 
and the need for more expensive materials of construction. 


REFERENCES 


1. Walas, S. M., Chemical Process Equipment: Selection and 
Design (Stoneham: Butterworth, 1988). 

2. Tarhan, M. O., Catalytic Reactor Design (New York: 
McGraw-Hill, 1983). 


SHORT ANSWER QUESTIONS 


1. State two common criteria for setting the pressure of a 
distillation column. 


2. Suggest two reasons each why distillation columns are run 
above or below ambient pressure. Be sure to state clearly 
which explanation is for above and which is for below 
ambient pressure. 


3. Suggest two reasons why reactors are run at elevated 
pressures and/or temperatures. Be sure to state clearly 
which explanation is for elevated pressure and which is for 
elevated temperature. 


4. 


5. 


6. 


7. 


Give two reasons why operation of a process at greater than 
250°C is undesirable. Give one reason each why one would 
operate a distillation column and a reactor at a temperature 
greater than 250°C. 


Define a “condition of special concern.” Define two such 
conditions, and state one possible justification for each. 


In the food and drug industries, many processes used to 
produce new active ingredients (drugs) or to separate and 
purify drugs and foods occur at vacuum conditions and often 
at low temperatures (less than room temperature). What is it 
about these types of products that requires that these 
conditions of special concern be used? 


PROBLEMS 


For the separation of a binary mixture in a distillation 
column, what will be the effect of an increase in column 
pressure on the following variables? 


1. Tendency to flood at a fixed reflux ratio 


2. Reflux ratio for a given top and bottom purity at a constant number of 


stages 


3. Number of stages required for a given top and bottom purity at constant 


reflux ratio 


4. Overhead condenser temperature 


8. 


9. 


10. 


In a new chemical process, a reboiler for a tower requires a 
heating medium at 290°C. Two possible solutions have been 
suggested: (a) use high-pressure steam superheated to 
320°C, and (b) use saturated steam at 320°C. Suggest one 
disadvantage for each suggestion. 


As the ambient temperature and humidity increase, the 
temperature at which cooling water (cw) can be supplied to 
any piece of equipment increases. For example, in the 
winter, cw may be available at 27°C whereas in midsummer 
it may rise to 34°C. How, if at all, does this affect the 
pressure at which a distillation column operates (assuming 
that the overhead condenser uses cooling water as the heat 
exchange utility)? 


It is desired to produce a hot vapor stream of benzene to 
feed a reactor for a certain petrochemical process. The 
benzene is available from an off-site storage facility at 1 atm 
pressure and ambient temperature (assume 25°C), and the 
reactor requires the benzene to be at 250°C at 10 atm. Two 
possible process schemes are being considered to heat and 
pressurize the feed: (1) pump the liquid benzene to pressure 
and then vaporize it in a heat exchanger, and (2) vaporize 
the benzene first and then compress it to the desired 
pressure. Answer the following: 


1. Discuss qualitatively which scheme (if either) is better. 


2. Confirm your answer to Part (a) by comparing the costs using both 


schemes to feed 1000 kg/h of benzene to the reactor. (Assume that the 
cost of heating is $15/GJ and that electricity costs $0.06/kWh.) 


11. One way to produce very pure oxygen and nitrogen is to 


12. 


13. 


separate air using a distillation process. For such a 
separation determine the following: 


. Find the normal boiling point (at 1 atm pressure) of nitrogen and oxygen. 
. For a distillation column operating at 1 atm pressure, what would be the 


top and bottom temperatures and top and bottom compositions of a 
distillation column that separates air into nitrogen and oxygen? (For this 
problem, you may assume that air contains only nitrogen and oxygen and 
that pure components leave at the top and bottom of the column.) 


. At what pressure can oxygen and nitrogen be liquefied at ambient 


temperature (say, 40°C)? 


. What does the answer to Part (c) tell you about the potential to distill air 


at ambient conditions? 


The production of ammonia (a key ingredient for fertilizer) 
using the Haber process takes place at temperatures of 
around 500°C and pressures of 250 atm using a porous iron 
catalyst according the following highly exothermic synthesis 
reaction: 


N2(g) + 3H2(g) = 2N H; (g) AH = —92.4kJ/mol 


Give possible reasons for the high temperature and pressure 
used for this reaction. 


Consider the ammonia process in Problem 6.12. For the 
given conditions, the maximum single-pass conversion 
obtained in the reactor is about 15%-20%. Explain how the 
temperature and pressure should be adjusted to increase 
this conversion of this equilibrium limited reaction and the 
penalties for making these changes. 


14. For the production of drying oil shown as Project B.4 in 


Appendix B do the following: 


1. Construct a process conditions matrix (PCM) for the process, and 


determine all conditions of special concern. 


2. For each condition of special concern identified in Part (a), suggest at 


least one reason why such a condition was used. 


3. For each condition of special concern identified in Part (a), suggest at 


15. 


least one process alternative to eliminate the condition. 


For the styrene production process given in Project B.3 in 
Appendix B, do the following: 


Construct a process conditions matrix (PCM) for the process, and 
determine all conditions of special concern. 

Explain the reasons for using the conditions of special concern in the 
reactor. 


. Suggest any process alternatives for Part (b). 


Section II: Engineering 
Economic Analysis of Chemical 
Processes 


This section concentrates on the evaluation of the economics of 
a chemical process. In order for a chemical engineer or cost 
engineer to evaluate the economic impact of a new (or existing) 
chemical process, certain technical information must be 
available. Although this information is gleaned from a variety of 
sources, it is generally presented in the form of the technical 
diagrams discussed in Chapter 1. 

In the chapters of this section, methods to evaluate the 
economics of a chemical process are covered. The term 
economics refers to the evaluation of capital costs and operating 
costs associated with the construction and operation of a 
chemical process. The methods by which the one-time costs 
associated with the construction of the plant and the continuing 
costs associated with the daily operation of the process are 
combined into meaningful economic criteria are provided. 


This material is treated in the following chapters. 


Chapter 7: Estimation of Capital Costs 

The common types of estimates are presented along with 
the basic relationships for scaling costs with equipment 
size. The concept of cost inflation is presented, and some 
common cost indexes are presented. The concept of total 
fixed capital investment to construct a new process is 
discussed, and the cost module approach to estimating is 
given. Finally, the software program (CAPCOST) to evaluate 
fixed capital costs (and other financial calculations) is 
described. 


Chapter 8: Estimation of Manufacturing Costs 
The basic components of the manufacturing costs of a 
process are presented. A method to relate the total cost of 
manufacturing (COM) to five elements—fixed capital 
investment, cost of operating labor, cost of raw materials, 
cost of utilities, and cost of waste treatment—is given. 
Examples of how utility costs can be calculated from the 
basic costs of fuel, power, and water are discussed. The 
estimation of labor costs based on the size and complexity 
of the process are also given. 


Chapter 9: Engineering Economic Analysis 
The concept of the time value of money is discussed. The 
following topics are presented: simple and compound 


interest, effective and nominal interest rates, annuities, 
cash flow diagrams, and discount factors. In addition, the 
concepts of depreciation, inflation, and taxation are 
covered. 


Chapter 10: Profitability Analysis 


The ideas discussed in Chapter 9 are extended to evaluate 
the profitability of chemical processes. Profitability criteria 
using nondiscounted and discounted bases are presented 
and include net present value (NPV), discounted cash flow 
rate of return (DCFROR), and payback period (PBP). A 
discussion of evaluating equipment alternatives using 
equivalent annual operating costs (EAOC) and other 
methods is presented. Finally, the concept of evaluating risk 
is covered and an introduction to the Monte-Carlo method 
is presented. 


Chapter 7: Estimation of Capital Costs 


WHAT YOU WILL LEARN 
e It takes up-front capital to construct a chemical plant. 


e There are different levels of capital-cost estimation, roughly 


corresponding to the different levels of process diagrams discussed in 
Chapter 1. 


e There are methods for estimating the cost of equipment for a chemical 
plant. 


In Chapter 1, the information provided on a process flow 
diagram (PFD), including a stream table and an equipment 
summary table, was presented. In the next four chapters, this 
information will be used as a basis for estimating 


1. How much money (capital cost) it takes to build a new chemical plant 

2. How much money (operating cost) it takes to operate a chemical plant 

3. Howto combine items 1 and 2 to provide several distinct types of 
composite values reflecting process profitability 


4. How to select a “best process” from competing alternatives 

5. How to estimate the economic value of making process changes and 
modifications to an existing process 

6. How to quantify uncertainty when evaluating the economic potential of a 
process 


In this chapter, the focus is on the estimation of capital 
costs. Capital cost pertains to the costs associated with 
construction of a new plant or modifications to an existing 
chemical manufacturing plant. 


7.1 CLASSIFICATIONS OF CAPITAL COST 
ESTIMATES 


There are five generally accepted classifications of capital cost 
estimates that are most likely to be encountered in the process 
industries [1, 2, and 3a]: 

Detailed estimate 

Definitive estimate 

Preliminary estimate 


Study estimate 


gee N a 


Order-of-magnitude estimate 
The information required to perform each of these estimates 


is provided in Table 7.1. 


Table 7.1 Summary of Capital Cost Estimating 
Classifications (References [1], [2], and [3a]) 


Order-of-Magnitude (also known as Ratio or Feasibility) 
Estimate 


Data: This type of estimate typically relies on cost information for a 


complete process taken from previously built plants. This cost 
information is then adjusted using appropriate scaling factors, for 
capacity, and for inflation to provide the estimated capital cost. 


Diagrams: Normally requires only a block flow diagram. 


Study (also known as Major Equipment or Factored) Estimate 


Data: This type of estimate utilizes a list of the major equipment found 
in the process. This includes all pumps, compressors and turbines, 
columns and vessels, fired heaters, and exchangers. Each piece of 
equipment is roughly sized and the approximate cost determined. The 
total cost of equipment is then factored to give the estimated capital cost. 


Diagrams: Based on PFD as described in Chapter 1. Costs from 
generalized charts. 


Note: Most individual student designs are in this category. 


Preliminary Design (also known as Scope) Estimate 


Data: This type of estimate requires more accurate sizing of equipment 
than is used in the study estimate. In addition, approximate layout of 
equipment is made along with estimates of piping, instrumentation, and 
electrical requirements. Utilities are estimated. 


Diagrams: Based on PFD as described in Chapter 1. Includes vessel 
sketches for major equipment, preliminary plot plan, and elevation 
diagram. 


Note: Most large student group designs are in this category. 


Definitive (also known as Project Control) Estimate 

Data: This type of estimate requires preliminary specifications for all 
the equipment, utilities, instrumentation, electrical, and off-sites. 
Diagrams: Final PFD, vessel sketches, plot plan, and elevation 
diagrams, utility balances, and a preliminary piping and instrumentation 
diagram (P&ID). 


Detailed (also known as Firm or Contractor’s) Estimate 


Data: This type of estimate requires complete engineering of the process 
and all related off-sites and utilities. Vendor quotes for all expensive 
items will have been obtained. At the end of a detailed estimate, the 
plant is ready to go to the construction stage. 


Diagrams: Final PFD and P&ID, vessel sketches, utility balances, plot 
plan and elevation diagrams, and piping isometrics. All diagrams are 
required to complete the construction of the plant if it is built. 


The five classifications given in Table 7.1 roughly correspond 
to the five classes of estimate defined in AACE Recommended 
Practice No. 17R-97 [4]. The accuracy range and the 
approximate cost for performing each class of estimate are 
given in Table 7.2. 


Table 7.2 Classification of Cost Estimates 


Expected 
Accuracy 
Level of Range (+/ Preparation 
Project - Range Effort 
Definition Relative (Relative to 


(as % of Typical Methodology to Best Lowest 
Class of Complete Purposeof (Estimating Indexof Cost Index 
Estimate Definition) Estimate Method) 1) of 1) 


Class 5 o%to2% Screeningor Stochasticor 4to20 1 
Feasibility Judgment 


| Class 4 1% to 15% Concept Study Primarily 3to12 2t04 | 


| or Feasibility Stochastic | 


Class 3 10% to Budget, Mixed but 2to6 3t010 
40% Authorization, Primarily 
or Control Stochastic 
Class 2 30% to Control or Primarily 1to3 5 to 20 
70% Bid/Tender Deterministic 
Class 1 50% to Check Deterministic 1 10 to 100 
100% Estimate or 
Bid/Tender 


(From AACE Recommended Practice No. 17R-97 [4], Reprinted with 
permission of AACE International, 209 Prairie Ave., Morgantown, WV; 


http://www.aacei.org) 


In Table 7.2, the accuracy range associated with each class of 
estimate and the costs associated with carrying out the estimate 
are ranked relative to the most accurate class of estimate (Class 
1). In order to use the information in Table 7.2, it is necessary to 
know the accuracy of a Class 1 estimate. For the cost estimation 
of a chemical plant, a Class 1 estimate (detailed estimate) is 
typically +6% to -4% accurate. This means that by doing such 
an estimate, the true cost of building the plant would likely be in 
the range of 6% higher than and 4% lower than the estimated 
price. Likewise, the effort to prepare a Class 5 estimate for a 
chemical process is typically in the range of 0.015% to 0.30% of 
the total installed cost of the plant [1, 2]. 

The use of the information in Table 7.2, to estimate the 
accuracy and costs of performing estimates, is illustrated in 
Examples 7.1 and 7.2. 


Example 7.1 


The estimated capital cost for a chemical plant using the 
study estimate method (Class 4) was calculated to be $2 
million. If the plant were to be built, over what range 
would you expect the actual capital estimate to vary? 


Solution 


For a Class 4 estimate, from Table 7.2, the expected 
accuracy range is between 3 and 12 times that of a Class 1 
estimate. As noted in the text, a Class 1 estimate can be 
expected to vary from +6% to —4%. The narrowest and 
broadest expected capital cost ranges can be evaluated as 
follows: Lowest Expected Cost Range 


High value for actual plant cost ($2.0x10°)[1+(0.06) 
(3)] = $2.36x 10° 

Low value for actual plant cost ($2.0x10°)[1-(0.04) 
(3)]=$1.76x10° 

Highest Expected Cost Range 

High value for actual plant cost ($2.0x 10°) [1+(0.06) 
(12)]=$3.44x10° 

Low value for actual plant cost ($2.0x10°)[1-(0.04) 


(12)]=$1.04x10° 


The actual expected range would depend on the level of 
project definition and effort. If the effort and definition 
are at the high end, then the expected cost range would 
be between $1.76 and $2.36 million. If the effort and 
definition are at the low end, then the expected cost 
range would be between $1.04 and $3.44 million. 


The primary reason that capital costs are underestimated 
stems from the failure to include all of the equipment needed in 
the process. Typically, as a design progresses, the need for 
additional equipment is uncovered, and the estimate accuracy 
improves. The different ranges of cost estimates are illustrated 
in Example 7.2. 


Example 7.2 


Compare the costs for performing an order-of-magnitude 
estimate and a detailed estimate for a plant that cost $5.0 
x 10° to build. 


Solution 


For the order-of-magnitude estimate, the cost of the 
estimate is in the range of 0.015% to 0.3% of the final 
cost of the plant: 

Highest Expected Value: ($5.0x10°)(0.003)=$15,000 
Lowest Expected Value: ($5.0x 10°)(0.00015)=$750 


For the detailed estimate, the cost of the estimate is in the range 
of 10 to 100 times that of the order-of-magnitude estimate. 


For the lowest expected cost range: 


Highest Expected Value: ($5.0x 10°)(0.03)=$150,000 
Lowest Expected Value: ($5.0x 10°)(0.0015)=$7500 


For the highest expected cost range: 


Highest Expected Value: ($5.0x 10°)(0.3)=$1,500,000 
Lowest Expected Value: ($5.0x 10°)(0.015)=$75,000 


Capital cost estimates are essentially paper-and-pencil studies. The cost of making an estimate indicates the personnel hours 


required in order to complete the estimate. From Table 7.2 and Examples 7.1 and 7.2, the trend between the accuracy of an 
estimate and the cost of the estimate is clear. If greater accuracy is required in the capital cost estimate, then more time and 
money must be expended in conducting the estimate. This is the direct result of the greater detail required for the more accurate 
estimating techniques. 

What cost estimation technique is appropriate? At the beginning of Chapter 1, a short narrative was given that introduced the 
evolution of a chemical process leading to the final design and construction of a chemical plant. Cost estimates are performed at 
each stage of this evolution. 

There are many tens to hundreds of process systems examined at the block diagram level for each process that makes it to the 
construction stage. Most of the processes initially considered are screened out before any detailed cost estimates are made. Two 
major areas dominate this screening process. To continue process development, the process must be both technically sound and 
economically attractive. 

A typical series of cost estimates that would be carried out in the narrative presented in Chapter | is as follows: 


Preliminary feasibility estimates (order-of-magnitude or study estimates) are made to compare many process alternatives. 
More accurate estimates (preliminary or definitive estimates) are made for the most profitable processes identified in the 
feasibility study. 

Detailed estimates are then made for the more promising alternatives that remain after the preliminary estimates. 

Based on the results from the detailed estimate, a final decision is made whether to go ahead with the construction of a plant. 
This text focuses on the preliminary and study estimation classification based on a PFD as presented in Chapter 1. This 
approach will provide estimates accurate in the range of +40% to —25%. 

In this chapter, it is assumed that all processes considered are technically sound and attention is focused on the economic 
estimation of capital costs. The technical aspects of processes will be considered in later chapters. 

7.2 ESTIMATION OF PURCHASED EQUIPMENT COSTS 

To obtain an estimate of the capital cost of a chemical plant, the costs associated with major plant equipment must be known. 
For the presentation in this chapter, it is assumed that a PFD for the process is available. This PFD is similar to the one 
discussed in detail in Chapter 1, which included material and energy balances with each major piece of equipment identified, 
materials of construction selected, and the size/capacity roughly estimated from conditions on the PFD. Additional PFDs and 
equipment summary tables are given for several processes in Appendix B. 

The most accurate estimate of the purchased cost of a piece of major equipment is provided by a current price quote from a 
suitable vendor (a seller of equipment). The next best alternative is to use cost data on previously purchased equipment of the 
same type. Another technique, sufficiently accurate for study and preliminary cost estimates, utilizes summary graphs available 
for various types of common equipment. This last technique is used for study estimates emphasized in this text and is discussed 
in detail in Section 7.3. Any cost data must be adjusted for any difference in unit capacity (see Section 7.2.1) and also for any 


elapsed time since the cost data were generated (see Section 7.2.2). 
7.2.1 Effect of Capacity on Purchased Equipment Cost 
The most common simple relationship between the purchased cost and an attribute of the equipment related to units of capacity 


is given by Equation (7.1). 


where A = Equipment cost attribute 

C = Purchased cost 

n = Cost exponent 

Subscripts: a refers to equipment with the required attribute 

b refers to equipment with the base attribute 

The equipment cost attribute is the equipment parameter that is used to correlate capital costs. The equipment cost attribute is 
most often related to the unit capacity, and the term capacity is commonly used to describe and identify this attribute. Some 
typical values of cost exponents and unit capacities are given in Table 7.3. From Table 7.3, it can be seen that the following 
information is given: 

A description of the type of equipment used 

The units in which the capacity is measured 

The range of capacity over which the correlation is valid 

The cost exponent (values shown for n vary between 0.30 and 0.84) 

Table 7.3 Typical Values of Cost Exponents for a Selection of Process Equipment 


Range of Equipment Type Correlation Units of Capacity - i aa 
Reciprocating compressor with motor drive 0.75 to 1490 kW 0.84 
Heat exchanger shell-and-tube carbon steel 1.9 to 1860 m? 0.59 
Vertical tank carbon steel 0.4 to 76 m? 0.30 
Centrifugal blower 0.24 to 71 std m?/s 0.60 
Jacketed kettle glass lined 0.2 to 3.8 m? 0.48 


(All data from Table 9-50, Chemical Engineers’ Handbook, Perry, R.H., Green, D.W., and Maloney, J.O. (eds.), 7th ed., 1997. 
Reproduced by permission of the McGraw-Hill Companies, Inc., New York, NY.) 
Equation (7.1) can be rearranged to give 


C, = KA”? (7.2) 
where K = C/A}. 


Equation (7.2) is a straight line with a slope of n when the log of C, is plotted versus the log of A,. To illustrate this relationship, 
the typical cost of a single-stage blower versus the capacity of the blower, given as the volumetric flowrate, is plotted in Figure 


7.1. The value for the cost exponent, n, from this curve is 0.60. 
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Figure 7.1 Purchased Cost of a Centrifugal Air Blower (Data Adapted from Perry, R. H., Green, D. W., and Maloney, J. O., 
editors, Chemical Engineers’ Handbook, 7th ed., New York: McGraw-Hill, 1997, [3b]) 
The value of the cost exponent, n, used in Equations (7.1) and (7.2), varies depending on the class of equipment being 


represented. See Table 7.3. The value of n for different items of equipment is often around 0.6. Replacing n in Equation (7.1) 
and/or (7.2) by 0.6 provides the relationship referred to as the six-tenths rule. A problem using the six-tenths rule is given in 
Example 7.3. 

Example 7.3 

Use the six-tenths rule to estimate the percentage increase in purchased cost when the capacity of a piece of equipment is 
doubled. 

Solution 

Using Equation (7.1) with n = 0.6, 


Ca /Cp = (2/1)°* = 1.52 
%increase = ((1.52 — 1.00) /1.00) (100) = 52% 


This simple example illustrates a concept referred to as the economy of scale. Even though the equipment capacity was 
doubled, the purchased cost of the equipment increased by only 52%. This leads to the following generalization: Special care 
must be taken in using the six-tenths rule for a single piece of equipment. The cost exponent may vary considerably from 0.6, as 
illustrated in Example 7.4. The use of this rule for a total chemical process is more reliable and is discussed in Section 7.3. 

The larger the equipment, the lower the cost of equipment per unit of capacity. 

Example 7.4 

Compare the error for the scale-up of a reciprocating compressor by a factor of five using the six-tenths rule in place of the cost 
exponent given in Table 7.3. 

Solution 

Using Equation (7.1), 

Cost ratio using six—tenths rule (i.e., n = 0.60) = 5.0°-° = 2.63 

Cost ratio using (n = 0.84) from Table 7.3 = 5.00-84 = 3.86 

% Error = ((2.63—3.86)/3.86)(100) = —32 % 

Another way to think of the economy of scale is to consider the purchased cost of equipment per unit capacity. Equation (7.2) 


can be rearranged to give the following relationship: 


C pam (7.3) 

A 

If Equation (7.3) is plotted on log-log coordinates, the resulting curve will have a negative slope, as shown in Figure 7.2. The 
meaning of the negative slope is that as the capacity of a piece of equipment increases, the cost per unit of capacity decreases. 
This, of course, is a consequence of n < | but also shows clearly how the economy of scale works. As cost curves for equipment 
are introduced in the text, they will be presented in terms of cost per unit capacity as a function of capacity to illustrate better the 
idea of economy of scale. For many equipment types, the simple relationship in Equation (7.1) is not very accurate, and an 


equation that is second order in the attribute is used. 
100 


80 


60 


40 


20 CEPCI = 542 (2016) 


Purchased Equipment Cost per std m?/s of Air, 
C,/A ($1000/ (std m?/s)) 


0.2 0.4 0.7 1.0 2.0 4.0 7.0 10.0 20.0 40.0 70.0 
Volumetric Flowrate of Air, (std m/s) 
Figure 7.2 Purchased Cost per Unit of Flowrate of a Centrifugal Air Blower (Adapted from Perry, R. H., Green, D. W., and 
Maloney, J. O., editors, Chemical Engineers’ Handbook, 7th ed., New York: McGraw-Hill, 1997, [3b]) 
In the last two examples, the relative costs of equipment of differing size were calculated. It is necessary to have cost 
information on the equipment at some “base case” in order to be able to determine the cost of other similar equipment. This 
base-case information must allow for the constant, K, in Equation (7.2), to be evaluated, as shown in Example 7.5. This base- 


case cost information may be obtained from a current bid provided by a manufacturer for the needed equipment or from 
company records of prices paid for similar equipment. 

Example 7.5 

The purchased cost of a recently acquired heat exchanger with an area of 100 m? was $10,000. 

Determine 

The constant K in Equation (7.2) 

The cost of a new heat exchanger with area equal to 180 m? 

Solution 

From Table 7.3: n = 0.59. For Equation (7.2): 

K = C,/(Ap)" = 10,000/(100)°°? = 661 {$/(m2)°>?} 

C, = (661)(180)°*? = $14,100 

There are additional techniques that allow for the price of equipment to be estimated that do not require information from either 


of the sources given above. One of these techniques is discussed in Section 7.3. 
7.2.2 Effect of Time on Purchased Equipment Cost 
In Figures 7.1 and 7.2, the time at which the cost data were reported (2016) is given on each figure. This raises the question of 


how to convert this cost into one that is accurate for the present time. When depending on past records or published correlations 
for price information, it is essential to be able to update these costs to take changing economic conditions (inflation) into 
account. This can be achieved by using the following expression: 


a-a (2) Z 


where C = Purchased cost 

I= Cost index 

Subscripts: 1 refers to base time when cost is known 

2 refers to time when cost is desired 

There are several cost indices used by the chemical industry to adjust for the effects of inflation. Several of these cost indices are 
plotted in Figure 7.3 for the period from 1996 to 2011. Over this period, the relative changes in the Nelson-Farrar, Engineering 
News Record, and Marshall and Swift indexes compared to the change in the Chemical Engineering Plant Cost Index (CEPCI) 
index are 1.11, 1.05, and 0.94, respectively. 
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Figure 7.3 The Variations in Several Commonly Used Cost Indexes over a 15-Year Period (1996-2011) 
All indices in Figure 7.3 show similar inflationary trends with time. The indices most generally accepted in the chemical 
industry and reported in the back page of every issue of Chemical Engineering are the Marshall and Swift Equipment Cost 
Index and the Chemical Engineering Plant Cost Index. 
Table 7.4 provides values for the Chemical Engineering Plant Cost Index from 1996 to 2017. 
Table 7.4 Values for the Chemical Engineering Plant Cost Index and the Marshall and Swift Equipment Cost Index 
from 1996 to 2016 
YearMarshall and Swift Equipment Cost IndexChemical Engineering Plant Cost Index 


1996 1036 382 
1997 1053 387 
1998 1062 390 
1999 1062 391 
2000 1070 394 
2001 1095 394 
2002 1096 396 
2003 1113 402 
2004 1133 444 
2005 1218 468 
2006 1275 500 
2007 1354 525 


2008 1393 575 


2009 1487 521 


2010 1447 551 
20111477 586 
2012 1537 585 
2013 1553 567 
20141567 576 
2015 1598 557 
2016 1582 542 


Unless otherwise stated, the Chemical Engineering Plant Cost Index (CEPCI) will be used in this text to account for inflation. 
This is a composite index, and the items that are included in the index are listed in Table 7.5. A comparison between these two 
indices is given in Example 7.6. 

Table 7.5 The Basis for the Chemical Engineering Plant Cost Index 


Components of Index Weighting of Component (%) 
Equipment, Machinery, and Supports 

(a) Fabricated equipment 37 

(b) Process machinery 14 

(c) Pipe, valves, and fittings 20 

(d) Process instruments and controls 7 

(e) Pumps and compressors 7 

(f) Electrical equipment and materials 5 


(g) Structural supports, insulation, and paint 10 


100 61% of total 
Erection and installation labor 22 
Buildings, materials, and labor 7 
Engineering and supervision 10 
Total 100 


Example 7.6 

The purchased cost of a heat exchanger of 500 m? area in 1996 was $25,000. 

Estimate the cost of the same heat exchanger in 2011 using the two indices introduced above. 
Compare the results. 

Estimate the cost of the same heat exchanger in 2016. 


Solution 
From Table 7.4 19962011 
Marshall and Swift Index 10361477 


Chemical Engineering Plant Cost Index (CEPCI)382 586 

Marshall and Swift: Cost = ($25,000)(1477/1036) = $35,642 

Chemical Engineering: Cost = ($25,000)(586/382) = $38,351 

Average Difference: (($35,642 — 38,351)/(($35,642 + 38,351)/2)(100) =—7.3% 


Using the CEPCI (2016) Cost = ($25,000)(542/382) = $35,471 
7.3 ESTIMATING THE TOTAL CAPITAL COST OF A PLANT 
The capital cost for a chemical plant must take into consideration many costs other than the purchased cost of the equipment. As 


an analogy, consider the costs associated with building a new home. 

The purchased cost of all the materials that are needed to build a home does not represent the cost of the home. The final cost 
reflects the cost of property, the cost for delivering materials, the cost of construction, the cost of a driveway, the cost for 
hooking up utilities, and so on. 

Table 7.6 presents a summary of the costs that must be considered in the evaluation of the total capital cost of a chemical plant. 
Table 7.6 Factors Affecting the Costs Associated with Evaluation of Capital Cost of Chemical Plants (from References 
[2] and [5]) 
Factor 
Associated with 
the Installation 
of Equipment 


SymbolComments 


Direct Project 


Expenses 

Equipment f.o.b. 

cost (f.0.b.= Cp Purchased cost of equipment at manufacturer’s site. 
free on board) 


Materials Migs) ; . : : 
ined fi c Includes all piping, insulation and fireproofing, foundations and structural supports, instrumentation 

required for : eh i i 

. q . a and electrical, and painting associated with the equipment. 

installation 


Labor to install 

equipment and Cz Includes all labor associated with installing the equipment and materials mentioned in (a) and (b). 
material 

Indirect 

Project 

Expenses 

Freight, 


f Includes all transportation costs for shipping equipment and materials to the plant site, all insurance on 
insurance, and CFirr 


the items shipped, and any purchase taxes that may be applicable. 


taxes 
Construction Includes all fringe benefits such as vacation, sick leave, retirement benefits, etc.; labor burden such as 
overhead g social security and unemployment insurance, etc.; and salaries and overhead for supervisory personnel. 
Contractor ; ; : : ? 

. . Includes salaries and overhead for the engineering, drafting, and project management personnel on the 
engineering Cr . 

project. 

expenses 
Contingency 
and Fee 


. A factor to cover unforeseen circumstances. These may include loss of time due to storms and strikes, 
Contingency = Cont ; . : Ae 
small changes in the design, and unpredicted price increases. 


Contractor fee Cree This fee varies depending on the type of plant and a variety of other factors. 


Auxiliary 
Facilities 
Site Ce Includes the purchase of land; grading and excavation of the site; installation and hookup of electrical, 
development site water, and sewer systems; and construction of all internal roads, walkways, and parking lots. 
Auxiliary Includes administration offices, maintenance shop and control rooms, warehouses, and service 
buildings a buildings (e.g., cafeteria, dressing rooms, and medical facility). 

Includes raw material and final product storage; raw material and final product loading and unloading 
Off-sites and facilities; all equipment necessary to supply required process utilities (e.g., cooling water, steam 
utilities Of generation, fuel distribution systems, etc.); central environmental control facilities (e.g., wastewater 


treatment, incinerators, flares, etc.); and fire protection systems. 
The estimating procedures to obtain the full capital cost of the plant are described in this section. If an estimate of the capital 
cost for a process plant is needed and access to a previous estimate for a similar plant with a different capacity is available, then 
the principles already introduced for the scaling of purchased costs of equipment can be used. 
The six-tenths rule (Equation [7.1] with n set to 0.6) can be used to scale up or down to a new capacity. 
The Chemical Engineering Plant Cost Index should be used to update the capital costs (Equation [7.4]). 
The six-tenths rule is more accurate in this application than it is for estimating the cost of a single piece of equipment. The 
increased accuracy results from the fact that multiple units are required in a processing plant. Some of the process units will 
have cost coefficients, n, less than 0.6. For this equipment, the six-tenths rule overestimates the costs of these units. In a similar 
way, costs for process units having coefficients greater than 0.6 are underestimated. When the sum of the costs is determined, 
these differences tend to cancel each other out. 
The Chemical Engineering Plant Cost Index (CEPCI) can be used to account for changes that result from inflation. The CEPCI 
values provided in Table 7.4 are composite values that reflect the inflation of a mix of goods and services associated with the 
chemical process industries (CPI). The CEPCI is analogous to the more familiar consumer price index described in the 
following narrative: 
The common consumer price index issued by the government represents a composite cost index that reflects the effect of 
inflation on the cost of living. This index considers the changing cost of a “basket” of goods composed of items used by the 
“average” person. For example, the price of housing, cost of basic foods, cost of clothes and transportation, and so on, are 
included and weighted appropriately to give a single number reflecting the average cost of these goods. By comparing this 


number over time, it is possible to get an indication of the rate of inflation as it affects the average person. 

In a similar manner, the CEPCI represents a “basket” of items directly related to the costs associated with the construction of 
chemical plants. A breakdown of the items included in this index was given in Table 7.5. The index is directly related to the 
effect of inflation on the cost of an “average” chemical plant, as shown in Example 7.7. 

Example 7.7 

The capital cost of a 30,000 tonne/y isopropanol plant in 1996 was estimated to be $23 million. Estimate the capital cost of a 
new plant with a production rate of 50,000 tonne/year in 2016. 

Solution 


Cost in2016 = (Cost in1996) (Capacity Correction) (Inflation Correction) 
= ($23, 000, 000)(50, 000/30, 000)°* (542/382) 
= ($23, 000, 000) (1.359) (1.419) = $44, 354, 000 


In most situations, cost information will not be available for the same process configuration; therefore, other estimating 
techniques must be used. 

7.3.1 Lang Factor Technique 

A simple technique to estimate the capital cost of a chemical plant is the Lang Factor method, due to Lang [6, 7, 8]. The cost 
determined from the Lang Factor represents the cost to build a major expansion to an existing chemical plant. The total cost is 
determined by multiplying the total purchased cost for all the major items of equipment by a constant. The major items of 
equipment are those shown in the process flow diagram. The constant multiplier is called the Lang Factor. Values for Lang 
Factors, Fang, are given in Table 7.7. 

Table 7.7 Lang Factors for the Estimation of Capital Cost for Chemical Plant (from References [6, 7, 8]) 

Capital Cost = (Lang Factor)(Sum of Purchased Costs of All Major Equipment) 


Type of Chemical Plant Lang Factor = Fang 
Fluid processing plant 4.74 
Solid-fluid processing plant 3.63 
Solid processing plant 3.10 


The capital cost calculation is determined using Equation (7.5): 


Crm = Prong fe i (7.5) 


i=1 


where Cry is the capital cost (total module) of the plant 


Cp 


n is the total number of individual units 


F'rangis the Lang Factor (from Table 7.7) 


i 18 the purchased cost for the major equipment units 


Plants processing only fluids have the largest Lang Factor, 4.74, and plants processing only solids have a factor of 3.10. 
Combination fluid-solid systems fall between these two values. The greater the Lang Factor, the less the purchased costs 
contribute to the plant costs. For all cases, the purchased cost of the equipment is less than one-third of the capital cost of the 
plant. The use of the Lang Factor is illustrated in Example 7.8. 

Example 7.8 

Determine the capital cost for a major expansion to a fluid processing plant that has a total purchased equipment cost of 
$6,800,000. 

Solution 

Capital Costs = ($6,800,000)(4.74) = $32,232,000 

This estimating technique is insensitive to changes in process configuration, especially between processes in the same broad 
categories shown in Table 7.7. It cannot accurately account for the common problems of special materials of construction and 
high operating pressures. A number of alternative techniques are available. All require more detailed calculations using specific 
price information for the individual units/equipment. 

7.3.2 Module Costing Technique 

The equipment module costing technique is a common technique to estimate the cost of a new chemical plant. It is generally 
accepted as the best for making preliminary cost estimates and is used extensively in this text. This approach, introduced by 
Guthrie [9, 10] in the late 1960s and early 1970s, forms the basis of many of the equipment module techniques in use today. 


This costing technique relates all costs back to the purchased cost of equipment evaluated for some base conditions. Deviations 
from these base conditions are handled by using multiplying factors that depend on the following: 

The specific equipment type 

The specific system pressure 

The specific materials of construction 

The material provided in the next section is based upon information in Guthrie [9, 10], Ulrich [5], and Navarrete [11]. The 
reader is encouraged to review these references for further information. 

Equation (7.6) is used to calculate the bare module cost for each piece of equipment. The bare module cost is the sum of the 
direct and indirect costs shown in Table 7.6. 


Cam = Cp Fgm (7.6) 


where Cpy = bare module equipment cost: direct and indirect costs for each unit 

Fgm = bare module cost factor: multiplication factor to account for the items in Table 7.6 plus the specific materials of 
construction and operating pressure Cp = purchased cost for base conditions: equipment made of the most common material, 
usually carbon steel, and operating at near-ambient pressures 


Because of the importance of this cost estimating technique, it is described below in detail. 
7.3.3 Bare Module Cost for Equipment at Base Conditions 
The bare module equipment cost represents the sum of direct and indirect costs shown in Table 7.6. The conditions specified for 


the base case are 

Unit fabricated from most common material, usually carbon steel (CS) 

Unit operated at near-ambient pressure 

Equation (7.6) is used to obtain the bare module cost for the base conditions. For these base conditions, a superscript zero (0) is 
added to the bare module cost factor and the bare module equipment cost. Thus CS m and F B m "efer to the base conditions. 
Table 7.8 is a supplement to Table 7.6 and provides the relationships and equations for the direct, indirect, contingency, and fee 
costs based on the purchased cost of the equipment. These equations are used to evaluate the bare module factor. The entries in 
Table 7.8 are described here: 

Table 7.8 Equations for Evaluating Direct, Indirect, Contingency, and Fee Costs 


Factor Basic Equation Multiplying Factor to Be Used with Purchased Cost, C} 
Direct 
Equipment Cp = Cp 1.0 
Materials Cu = amCp M 
Labor Cr =az(C? + Cu) (1.0 + ayy) a 
Total Direct Cpe = Cp + Cm + CL (1.0 + ap.0 + ar) 
Indirect 
Freight, etc. Crir = arrr(Cp + Cm) (1.0+ ayarrr 
Overhead Co = agCy (1.0 + ay) azo 
Engineering Cr = an(C? + Cu) (1.0 + ay) ag 
Total Indirect Cipe = Crrr + Co + Cg (1.0 + a (arrr + aro + ap) 
Bare Module Com = CIDE + Cpe (1.0+ay)(1.0 + a, + arrr + aro t ap 
Contingency and Fee 
Contingency Coont = AContC hy (1.0 + ay)(1.0 + ar + arrr + a0 + OB)aCont 
Fee Cree = Q Fee Chu (1.0 + am) (1.0 + ay + arrr + aro + aF) aree 
— o 
Total Module o = Com + Coons Hie Ao tor tore aad ata 
Fee 


Column 1: Lists the factors given in Table 7.6. 

Column 2: Lists equations used to evaluate each of the costs. These equations introduce multiplication cost factors, a;. Each 
cost item, other than the purchased equipment cost, introduces a separate factor. 

Column 3: For each factor, the cost is related to the purchased cost Cp by an equation of the form 


Cxx = Cp f (aijr...) (7.7) 


The function fla; ;, x...) is given in column 3 of Table 5.8. 
From Table 7.8 and Equations (7.6) and (7.7), it can be seen that the bare module factor is given by 


Foy = [1 + ar + errr + ard + ag] [1+ av] (7.8) 


The values for the bare module cost multiplying factors vary between equipment modules. The calculations for the bare module 
factor and bare module cost for a carbon steel heat exchanger are given in Example 7.9. 

Example 7.9 

The purchased cost for a carbon steel heat exchanger operating at ambient pressure is $10,000. For a heat-exchanger module, 
Guthrie [9, 10] provides the following cost information: 

Item % of Purchased Equipment Cost 

Equipment 100.0 

Materials 71.4 

Labor 63.0 

Freight 8.0 

Overhead 63.4 

Engineering 23.3 

Using the information given above, determine the equivalent cost multipliers given in Table 7.8 and the following: 

Bare module cost factor, F' B M 

Bare module cost, C? M 


Solution 

Item % of Purchased Equipment CostCost Multiplier (Table 7.8)Value of Multiplier 
Equipment 100.0 1.0 

Materials 71.4 aM 0.714 

Labor 63.0 aL 0.63/(1 + 0.714) = 0.368 
Freight 8.0 OFIT 0.08/(1 + 0.714) = 0.047 
Overhead 63.4 ao 0.634/0.368/(1 + 0.714) = 1.005 
Engineering 23.3 QE 0.233/(1 + 0.714) = 0.136 

Bare Module329.1 


Using Equation (7.8), 


F? = (1 + 0.368 + 0.047 + (1.005) (0. 368) + 0. 136) (1 + 0.714) = 3.291 
From Equation (7.6), 
2 1, = (3-291) ($10, 000) = $32, 910 


The procedure illustrated in Example 7.9 is quite cumbersome. Fortunately it does not have to be repeated in order to estimate 
F B m for every piece of equipment. This has already been done for a large number of equipment modules, and the results are 
given in Appendix A. 

In order to estimate bare module costs for equipment, purchased costs for the equipment at base case conditions (ambient 
pressure using carbon steel) must be available along with the corresponding bare module factor and factors to account for 
different operating pressures and materials of construction. These data are made available for a variety of common gas/liquid 
processing equipment in Appendix A. These data were compiled during the summer of 2001 from information obtained from 
manufacturers and also from the R-Books software marketed by Richardson Engineering Services [12]. All of these data refer to 
2001 when the CEPCI was equal to 397, and adjustments for the current time must be made using the approach in Section 7.2.2. 
The method by which material and pressure factors are accounted for depends on the equipment type, and these are covered in 
the next section. The estimation of the bare module cost for a floating-head, shell-and-tube heat exchanger is illustrated in 
Example 7.10 and in subsequent examples in this chapter. 

Example 7.10 

Find the bare module cost of a floating-head, shell-and-tube heat exchanger with a heat transfer area of 100 m? at the end of 
2016. The operating pressure of the equipment is 1.0 bar, with both shell and tube sides constructed of carbon steel. The cost 
curve for this heat exchanger is given in Appendix A, Figure A.5, and is repeated as Figure 7.4. It should be noted that unlike 
the examples shown in Figures 7.1 and 7.2, the log-log plot of cost per unit area versus area is nonlinear. In general this will be 


the case, and a second-order polynomial is normally used to describe this relationship. 
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Figure 7.4 Purchased Costs for Floating-Head Shell-and-Tube Heat Exchangers 
Solution 
From Figure 7.4, C9 (2001) = ($250) (100) = $25, 000 (the evaluation path is shown in Figure 7.4). 
The bare module cost for shell-and-tube heat exchangers is given by Equation (A.4). 


CBM = Cp [By + By, F, Fu (A.4) 


The values of Bı and B, for floating-head heat exchangers from Table A.4 are 1.63 and 1.66, respectively. 
The pressure factor is obtained from Equation (A.3): 


logio Fp = C1 + CrlogyyP + C3 (logy) P)” (A.3) 


From Table A.2, for pressures < 5 barg, C1 = C2 = C3 = 0, and from Equation (A.3), F, = 1. 
Using data in Table A.3 for shell-and-tube heat exchangers with both shell and tubes made of carbon steel (Identification 


Number = 1) and Figure A.8, Fyy= 1. Substituting this data into Equation (A.4) gives 


Cm (2001) = C? (2001) [1.63 + 1.66(F, = 1)(Fu = 1)] = 3.29C? = (3.29)($25, 000) = $82, 300 
© y (2016) = C%,,(2001)(542/397) = $82, 300(542/397) = $112, 400 


A comparison of the value of bare module cost factor for Example 7.10 shows that it is the same as the value of 3.29 evaluated 
using the individual values for @;, given in Example 7.9. 

7.3.4 Bare Module Cost for Non-Base-Case Conditions 

For equipment made from other materials of construction and/or operating at nonambient pressure, the values for Fy, and Fp are 


greater than 1.0. In the equipment module technique, these additional costs are incorporated into the bare module cost factor, 
Fgm. The bare module factor used for the base case, F' BM? is replaced with an actual bare module cost factor, Fgm, in Equation 
(7.6). The information needed to determine this actual bare module factor is provided in Appendix A. The effect of pressure on 
the cost of equipment is considered first. 

Pressure Factors. As the pressure at which a piece of equipment operates increases, the thickness of the walls of the equipment 
will also increase. For example, consider the design of a process vessel that is covered in more detail in Chapter 23. Such 
vessels, when subjected to internal pressure (or external pressure when operating at vacuum), are subject to rigorous mechanical 
design procedures. For the simple case of a cylindrical vessel operating at greater than ambient pressure, the relationship 
between design pressure and wall thickness required to withstand the radial stress in the cylindrical portion of the vessel, as 
recommended by the ASME [13], is given as 


PD 


t= ———_ 
2SE —1.2P 


+CA (7.9) 

where ¢ is the wall thickness in meters, P is the design pressure (barg), D is the diameter of the vessel (m), S is the maximum 
allowable working pressure (maximum allowable stress) of material (bar), Æ is a weld efficiency, and CA is the corrosion 
allowance (m). The weld efficiency is dependent on the type of weld and the degree of examination of the weld. Typical values 
are from 1.0 to 0.6. The corrosion allowance depends on the service, and typical values are from 3.15 to 6.3 mm (0.125 to 0.25 
in). However, for very aggressive environments, inert linings such as glass and graphite are often used to protect the structural 
metal. Finally, the maximum working pressure of the material of construction, S, is dependent not only on the material but also 
on the operating temperature. Some typical values of S are given for common materials of construction in Figure 7.5. From this 
figure, it is clear that for typical carbon steel the maximum allowable stress drops off rapidly after 350°C. However, for stainless 
steels (ASME SA-240) the decrease in maximum allowable stress with temperature is less steep, and operation up to 600—650°C 
is possible for some grades. For even higher temperatures and very corrosive environments, when the lining of vessels is not 
practical, more exotic alloys such as titanium, titanium-based alloys, and nickel-based alloys may be used. For example, 
Hastelloy B has excellent resistance to alkali environments up to 850°C. Inconel 600, whose main constituents are Ni 72%, Cr 
15%, and Fe 8%, has excellent corrosion resistance to oxidizing environments such as acids and can be used from cryogenic 
temperatures up to 1100°C. The maximum allowable working pressure for Incoloy 800HT, which also has excellent corrosion 
resistance in acidic environments, is shown as a function of temperature in Figure 7.5. 
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Figure 7.5 Maximum Allowable Stresses for Materials of Construction as a Function of Operating Temperature (Data from 
Perry, R. H. et al., eds. Chemical Engineers’ Handbook, 7th ed., New York: McGraw-Hill, 1997, Chapter 23 [3], and Incoloy 
Alloys 800 and 800HT, Table 22, Inco Alloys International Publication, IAI-20 4M US/1M UK, 1986 [15].) 
The relationship between the cost of a vessel and its operating pressure is a complex one. However, with all other things being 
constant, the cost of the vessel is approximately proportional to the weight of the vessel, which in turn is proportional to the 
vessel thickness. From Equation (7.9), it is clear that as the operating pressure approaches 1.67SE, the required wall thickness, 


and hence cost, becomes infinite. Moreover, the thickness of the vessel for a given pressure will increase as the vessel diameter 
increases. The effect of pressure on the weight (and ultimately cost) of carbon steel vessel shells as a function of vessel diameter 


is shown in Figure 7.6. The y-axis of the figure shows the ratio of the vessel thickness at the design pressure to that at ambient 
pressure, and the x-axis is the design pressure. A corrosion allowance of 3.15 mm (1/8 inch) and a value of S = 944 bar (13,700 
psi) are assumed. It is also assumed that the vessel is designed with a minimum wall thickness of 6.3 mm (1/4 inch). A 
minimum wall thickness is often required to ensure that the vessel does not buckle under its own weight or is damaged when 
being transported. In addition to these factors, the costs for the vessel supports, manholes, nozzles, instrument wells, the vessel 
head, and so on, all add to the overall weight and cost of the vessel. For the sake of simplification, it is assumed that the pressure 
factor (Fp) for vertical and horizontal process vessels is equal to the value given on the y-axis of Figure 7.6. This, clearly, is a 
simplification but should be valid for the expected accuracy of this technique. Hence, the equation for Fp for process vessels is 
given by Equation (7.10). 
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Figure 7.6 Pressure Factors for Carbon Steel Vessels 
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where D is the vessel diameter in m, P is the operating pressure in barg, CA is the corrosion allowance (assumed to be 0.00315 
m), and tmin is the minimum allowable vessel thickness (assumed to be 0.0063 m). A value of S = 944 bar has been assumed for 
carbon steel. As the operating temperature increases, the value of S decreases (see Figure 7.5) and the accuracy of F, drops. For 
operating at vacuum conditions at pressures less than —0.5 barg, the vessel must be designed to withstand full vacuum, that is, 1 
bar of external pressure. For such operations, strengthening rings must be installed into the vessels to stop the vessel walls from 
buckling. A pressure factor of 1.25 should be used for such conditions, and this is shown by the discontinuity at P = 0.5 bar in 


Figure 7.6. 
Pressure factors for different equipment are given in Appendix A, Equation (A.3), and Table A.2. These pressure factors are 


presented in the general form given by Equation (A.3): 


Equation (A.3) is clearly different from Equation (7.10) for process vessels. Moreover, the value predicted by this equation 
(using the appropriate constants) gives values of Fp much smaller than those for vessels at the same pressure. This difference 
arises from the fact that for other equipment, the internals of the equipment make up the major portion of the cost. Therefore, the 
cost of a thicker outer shell is a much smaller fraction of the equipment cost than for a process vessel, which is strongly 


dependent on the weight of the metal. Example 7.11 illustrates the effect of pressure on the cost of a shell-and-tube heat 
exchanger. 

Example 7.11 

Repeat Example 7.10 except consider the case when the operating pressures in both the shell and the tube side are 100 barg. 
Explain why the pressure factor for the heat exchanger is much smaller than for any of the process vessels shown in Figure 7.6. 
Solution 

From Example 7.10, Cp (2001) = $25,000, Fp = 1 

From Table A.2, for 5 < P < 140 barg, Cı = 0.03881, C2 = —0.11272, C3 = 0.08183 

Using Equation (A.3) and substituting for P = 100 barg and the above constants, 

logio Fp = 0.03881 — 0.11272 log;o(100) + 0.08183[logj9(100)]* = 0.1407 

F, = 10°97 = 1.383 

From Equation (A.4): 


Cgm (2001) = C2(2001)[B, + By Fp Fy] = $25, 000[1.63 + 1.66(1.383)(1.0)] = $98, 100 
Cpm (2016) = $98, 100(542/397) = $134,000 


Compared with Figure 7.6, this pressure factor (1.383) is much less than any of the vessels at P = 100 barg. Why? 

The answer lies in the fact that the major fraction of the cost of a shell-and-tube heat exchanger is associated with the cost of the 
tubes that constitute the heat exchange surface area. Tubing is sold in standard sizes based on the BWG (Birmingham wire 
gauge) standard. Tubes for heat exchangers are typically between 19.1 and 31.8 mm (3/4 and 1-1/4 in) in diameter and between 
2.1 and 0.9 mm (0.083 and 0.035 in) thick, corresponding to BWGs of 14 to 20, respectively. Using Equation (7.9), the 
maximum operating pressure of a 25.4 mm (1 in) carbon steel tube can be estimated (assume that CA is zero), from the 


following results: 
BWGThickness (f) (mm)P (from Equation [7.9]) (barg) 


20 0.889 59.1 
18 1.244 81.8 
16 1.651 106.9 
14 2.108 134.1 


From the table, it is evident that even the thinnest tube normally used for heat exchangers is capable of withstanding pressures 
much greater than atmospheric. Therefore, the most costly portion of a shell-and-tube heat exchanger (the cost of the tubes) is 
relatively insensitive to pressure. Hence, it makes sense that the pressure factors for this type of equipment are much smaller 
than those for process vessels at the same pressure. 

The purchased cost of the equipment for the heat exchanger in Example 7.11 would be Cp(2016) = ($25,000)(1.383) (542/397) 
= $47,200. If this equipment cost was multiplied by the bare module factor for the base case, the cost would become Cgy = 
($47,200)(3.29) = $155,300. This is 16% greater than the $134,000 calculated in Example 7.11. The difference between these 
two costs results from assuming, in the latter case, that all costs increase in direct proportion to the increase in material cost. 
This is far from the truth. Some costs, such as insulation, show small changes with the cost of materials, whereas other costs, 
such as installation materials, freight, labor, and so on, are impacted to varying extents. The method of equipment module 
costing accounts for these variations in the bare module factor. 

Finally, some equipment is unaffected by pressure. Examples are tower trays and packing. This “equipment” is not subjected to 
significant differential pressure because it is surrounded by process fluid. Therefore, in Equation (A.3), use Cy = C2 = C3 = 0. 


Some other equipment also has zero for these constants. For example, compressor drives are not exposed to the process fluid 
and so are not significantly affected by operating pressure. Other equipment, such as compressors, do not have pressure 
corrections because such data are not available. Use of these cost correlations for equipment outside the pressure range shown in 
Table A.2 should be done with extreme caution. 

Materials of Construction (MOCs). The choice of what MOC to use depends on the chemicals that will contact the walls of 
the equipment. As a guide, Table 7.9, excerpted from Sandler and Luckiewicz [14], may be used for preliminary MOC 
selection. However, the interaction between process streams and MOCs can be very complex, and the compatibility of the MOC 
with the process stream must be investigated fully before the final design is completed. 

Table 7.9 Corrosion Characteristics for Some Materials of Construction 
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(Reproduced from Sandler, H. J., and Luckiewicz, E. T., Practical Process Engineering, a Working Approach to Plant Design, 
with permission of XIMIX, Inc., Philadelphia, 1987.) 

Many polymeric compounds are nonreactive in both acidic and alkaline environments. However, polymers generally lack the 
structural strength and resilience of metals. Nevertheless, for operations at less than about 120°C in corrosive environments the 
use of polymers as liners for steel equipment or incorporated into fiberglass structures (at moderate operating pressures) often 
gives the most economical solution. The most common MOCs are still ferrous alloys, in particular carbon steel. Carbon steels 
are distinguished from other ferrous alloys such as wrought and cast iron by the amount of carbon in them. Carbon steel has less 
than 1.5 wt% carbon, can be given varying amounts of hardness or ductility, is easy to weld, and is cheap. It is still the material 
of choice in the CPI when corrosion is not a concern. 

Low-alloy steels are produced in the same way as carbon steel except that amounts of chromium and molybdenum are added 
(chromium between 4 and 9 wt%). The molybdenum increases the strength of the steel at high temperatures, and the addition of 
chromium makes the steel resistant to mildly acidic and oxidizing atmospheres and to sulfur-containing streams. 

Stainless steels are so-called high-alloy steels containing greater than 12 wt% chromium and possessing a corrosion-resistant 
surface coating, also known as a passive coating. At these chromium levels, the corrosion of steel to rusting is reduced by more 
than a factor of 10. Chemical resistance is also increased dramatically. 

Nonferrous alloys are characterized by higher cost and difficulty in machining. Nevertheless, they possess improved corrosion 
resistance. 

Aluminum and its alloys have a high strength-to-weight ratio and are easy to machine and cast but in some cases are difficult to 
weld. The addition of small amounts of other metals—for example, magnesium, zinc, silicon, and copper—can improve the 
weldability of aluminum. Generally, corrosion resistance is very good due to the formation of a passive oxide layer, and 
aluminum has been used extensively in cryogenic (low-temperature) operations. 

Copper and its alloys are often used when high thermal conductivity is required. Resistance to seawater and nonoxidizing acids 
such as acetic acid is very good, but copper alloys should not be used for services that contact ammonium ions (NH, ) or 
oxidizing acids. Common alloys of copper include brasses (containing 5-45 wt% zinc) and bronzes (containing tin, aluminum, 
and/or silicon). 

Nickel and its alloys are alloys in which nickel is the major component. 

Nickel-copper alloys are known by the name Monel, a trademark of Special Metals Corporation. These alloys have excellent 
resistance to sulfuric and hydrochloric acids, saltwater, and some caustic environments. 

Nickel-chromium alloys are known by the name Inconel, a trademark of the International Nickel Corp. These alloys have 
excellent chemical resistance at high temperatures. They are also capable of withstanding attack from hot concentrated aqueous 
solutions containing chloride ions. 

Nickel-chromium-iron alloys are known by the name Incoloy, a trademark of the International Nickel Corp. These alloys have 
characteristics similar to Inconel but with slightly less resistance to oxidizing agents. 

Nickel-molybdenum alloys are known by the name Hastelloy, a trademark of the Cabot Corp. These alloys have very good 
resistance to concentrated oxidizing agents. 

Titanium and its alloys have good strength-to-weight ratios and very good corrosion resistance to oxidizing agents. However, 
they are attacked by reducing agents, are relatively expensive, and are difficult to weld. 

As previously shown, the combination of operating temperature and operating pressure will also affect the choice of MOC. 
From Table 7.9, it is evident that the number of MOCs available is very large and that the correct choice of materials requires 
input from a trained metallurgist. 

Moreover, information about the cost of materials presented in this text is limited to a few different MOCs. The approximate 
relative cost of some common metals is given in Table 7.10. As a very approximate rule, if the metal of interest does not appear 
in Appendix A, then Table 7.10 can be used to find a metal that has approximately the same cost. As the metallurgy becomes 
more “exotic,” the margin for error becomes larger, and the data provided in this text will lead to larger errors in estimating the 
plant cost than for a plant constructed of carbon steel or stainless steel. 

Table 7.10 Relative Costs of Metals Using Carbon Steel as the Base Case 


Material Relative Cost 
Carbon steel Base case (lowest) 
Low-alloy steel Low to moderate 
Stainless steel Moderate 


Aluminum and aluminum alloys Moderate 
Copper and copper alloys Moderate 
Titanium and titanium-based alloysHigh 


Nickel and nickel-based alloys High 

To account for the cost of different materials of construction, it is necessary to use the appropriate material factor, Fm, in the 
bare module factor. This material factor is not simply the relative cost of the material of interest to that of carbon steel. The 
reason is that the cost to produce a piece of equipment is not directly proportional to the cost of the raw materials. For example, 
consider the cost of a process vessel as discussed in the previous section. Just as the bare module cost was broken down into 
factors relating to the purchased cost of the equipment (Tables 7.6 and 7.8), the purchased cost (or at least the manufacturing 


cost) can be broken down into factors relating to the cost of manufacturing the equipment. Many of these costs will be related to 
the size of the vessel that is in turn related to the vessel’s weight, W,.5;¢;. An example of these costs is given in Table 7.11. 
Table 7.11 Costs Associated with the Manufacture of a Process Vessel 

Factors Associated with the Manufacturing Cost of a VesselRelationship Relating Cost to Vessel Weight, Wyessel 

Direct Expenses 


Cost of raw materials Bru Wessel 

Machining costs Buc Wessel 

Labor costs Br Wressel 

Indirect Costs 

Overhead Bou Pi Wressel 

Engineering expenses Be (Bru + Buc) W vessel 

Contingencies Bont Wressel 

Total manufacturing cost [Brut Buct Bit Bor Burt Be Bru + Buc) + Bont] Wressei 


From Table 7.11, it is clear that the cost of the vessel is proportional to its weight. Therefore, the cost will be proportional to the 
vessel thickness, and thus the pressure factor derived in the previous section is valid (or at least is a reasonably good 
approximation). The effect of different MOCs is connected to the factor Arm. Clearly, as the raw material costs increase, the 
total manufacturing costs will not increase proportionally to Bry. In other words, if material X is 10 times as expensive as 
carbon steel, a vessel made from material_X will be less than 10 times the cost of a similar vessel made from carbon steel. For 
example, over the last 15 years, the cost of stainless steel has varied between 4.7 and 7.0 times the cost of carbon steel [16]. 
However, the cost of a stainless steel process vessel has varied in the approximate range of 2.3 to 3.5 times the cost of a carbon 
steel vessel for similar service. 

Materials factors for the process equipment considered in this text are given in Appendix A, Tables A.3—-A.6, and Figures A.18 
and A.19. These figures are constructed using averaged data from the following sources: Peters and Timmerhaus [2], Guthrie [9, 
10], Ulrich [5], Navarrete [11], and Perry et al. [3a]. Example 7.12 illustrates the use of these figures and tables. 

Example 7.12 

Find the bare module cost of a floating-head shell-and-tube heat exchanger with a heat transfer area of 100 m? for the following 
cases: 

The operating pressure of the equipment is 1 barg on both shell and tube sides, and the MOC of the shell and tubes is stainless 
steel. 

The operating pressure of the equipment is 100 barg on both shell and tube sides, and the MOC of the shell and tubes is stainless 
steel. 

Solution 

From Example 7.10, Cp(2001) = $25, 000 and Cf (2016) = $25, 000(542/397) = $34, 130 

From Example 7.10, at 1 barg, Fp = 1 

From Table A.3 for a shell-and-tube heat exchanger made of SS, Identification No. = 5 and using Figure A.8, Fy = 2.73 

From Equation (A.4), 


Cpm (2016) = C?[B, + B2 Fp Fy] = $34, 130[1.63 + 1.66(1.0)(2.73)] = $210, 300 


From Example 7.11 for P = 100 barg, Fp = 1.383 
From (a) above, Fy = 2.73 
Substituting these values in to Equation (A.4), 


Cpu (2011) = C? [Bı + Bo Fp Fy] = $34, 130[1.63 + 1.66(1.383) (2.73)] = $269, 500 


The last three examples all considered the same size heat exchanger made with different materials of construction and operating 
pressure. The results are summarized below. 

ExamplePressureMaterials FpgyCost 

7.10 ambient CS tubes/shell3.29 $112,400 


7.11 100 barg CS tubes/shell3.93 $134,000 
7.12a ambient SS tubes/shell6.16$210,300 
7.12b 100 barg SS tubes/shell 7.90 $269,500 
These results reemphasize the point that the cost of the equipment is strongly dependent on the materials of construction and the 


pressure of operation. 
7.3.5 Combination of Pressure and MOC Information to Give the Bare Module Factor, Fgm, and Bare Module Cost, Cgm 


In Examples 7.10-7.12, the bare module factors and costs were calculated using Equation (A.4). The form of this equation is not 
obvious, and its derivation is based on the approach used by Ulrich [5]: 


Cost of Equipment = CP Fp Fm (7.11) 
This is the equipment cost at operating conditions: 


Cost for Equipment Installation (for base conditions) = Cp(F3,, — 1) (7.12) 


This cost is calculated by taking the bare module cost, at base conditions, and subtracting the cost of the equipment at the base 
conditions. 
The incremental cost of equipment installation due to non-base-case conditions is 


Ce (FpFu — 1)fpxr (7.13) 


This cost is based on the incremental cost of equipment due to non-base conditions multiplied by a factor, (fpg7), that accounts 
for the fraction of the installation cost that is associated with piping and instrumentation. The values of fpg; are modified from 
Guthrie [9, 10] to account for an increase in the level and cost of instrumentation that modern chemical plants enjoy compared 
with that at the time of Guthrie’s work. 

Equations (7.11) through (7.13) can be combined to give the following relationship: 


Bare module cost, Cay = Cp FpFu + C?(F3y — 1) + Cp(FeFu — 1)frer 


(7.14 
= Cp [Fp Fu (1+ freer) + F3y —1-— freer] = Cp[Bi + BoFp Fy] 

Equation (7.13) is the same as Equation (A.4), with By = F2,, — 1 — fper and By =1+ fog. 

7.3.6 Algorithm for Calculating Bare Module Costs 

The following six-step algorithm is used to estimate actual bare module costs for equipment from the figures in Appendix A: 


Using the correct figure in Appendix A (Figures A.1—A.17), or the data in Table A.1, obtain Cp for the desired piece of 


equipment. This is the purchased equipment cost for the base case (carbon steel construction and near-ambient pressure). 

Find the correct relationship for the bare module factor. For exchangers, pumps, and vessels, use Equation (A.4) and the data in 
Table A.4. For other equipment, the form of the equation is given in Table A.5. 

For exchangers, pumps, and vessels, find the pressure factor, Fp, Table A.2 and Equation (A.2) or (A.3), and the material of 
construction factor, Fy, Equation (A.4), Table A.3, and Figure A.18. Use Equation (A.4) to calculate the bare module factor, 


Fgm. 

For other equipment find the bare module factor, Fgm, using Table A.6 and Figure A.19. 

Calculate the bare module cost of equipment, Cgm, from Equation (7.6). 

Update the cost from 2001 (CEPCI = 397) to the present by using Equation (7.4). 

Example 7.13 illustrates the six-step algorithm for the case of a distillation column with associated trays. 
Example 7.13 

Find the bare module cost (in 2016) of a stainless steel tower 3 m in diameter and 30 m tall. The tower has 40 stainless steel 
sieve trays and operates at 20 barg. 

The costs of the tower and trays are calculated separately and then added together to obtain the total cost. 
Solution 

For the tower, 

Volume = nD?L/4 = (3.14159)(3)?(80)/4 = 212.1 m? 

From Equation (A.1), 


Cp (2001) = 10°17”? = $132, 500 
Cp (2016) = $132, 500 (542/397) = $180, 890 


From Equation (A.3) and Table A.4, Fgy = 2.25 + 1.82 FyFp 
From Equation (7.10) with P = 20 barg and D =3 m, 


(20-+1)3 
(2){(944) (0.9) —0.6(20-+1)] 


0.0063 


+ 0.00315 


FP vessels = = 6.47 


From Table A.3, identification number for stainless steel vertical vessel = 20; from Figure A.8, Fy = 3.11 
Fey = 2.25 + 1.82(6.47)(3.11) = 38.87 

Cgm(2016) = (180,890)(38.87) = $7,031,400 

For the trays, 


Tray (tower) area = nD?/4 = 7.0686 
From Equation (A.1), 


log, C$ (2001) = 2.9949 + 0.4465log,, (7.0686) + 0.3961 {log,, (7.0686) }” = 3.6599 
Ce (2001) = 10°99 = $4570 
C? (2016) = $4, 570 (542/397) = $6, 240 


From Table A.5, 

Cau = CyNF Bufa 

N=40 

f4 = 1.0 (since number of trays > 20, Table A.5) 

From Table A.6, SS sieve trays identification number = 61; from Figure A.9, Fgy = 1.83 

CBM trays(2016) = ($6,240)(40)(1.83)(1.0) = $456,770 

For the tower plus trays, 

CBM. tower + trays(2016) = $7,031,400 + $456,770 = $7,488,200 

7.3.7 Grassroots (Green Field) and Total Module Costs 

The term grassroots (or green field) refers to a completely new facility in which the construction is started on essentially 
undeveloped land, a grass field. The term total module cost refers to the cost of making small to moderate expansions or 
alterations to an existing facility. 

To estimate these costs, it is necessary to account for other costs in addition to the direct and indirect costs. These additional 
costs were presented in Table 7.6 and can be divided into two groups. 

Group 1: Contingency and Fee Costs: The contingency cost varies depending on the reliability of the cost data and 
completeness of the process flowsheet available. This factor is included in the evaluation of the cost as a protection against 
oversights and faulty information. Unless otherwise stated, values of 15% and 3% of the bare module cost are assumed for 
contingency costs and fees, respectively. These are appropriate for systems that are well understood. Adding these costs to the 
bare module cost provides the total module cost. 

Group 2: Auxiliary Facilities Costs: These include costs for site development, auxiliary buildings, and off-sites and utilities. 
These terms are generally unaffected by the materials of construction or the operating pressure of the process. A review of costs 
for these auxiliary facilities by Miller [17] gives a range of approximately 20% to more than 100% of the bare module cost. 
Unless otherwise stated, these costs are assumed to be equal to 50% of the bare module costs for the base case conditions. 
Adding these costs to the total module cost provides the grassroots cost. 

The total module cost can be evaluated from 


Crum = [coms = 1.18 f Coms (7.15) 


and the grassroots cost can be evaluated from 


n 
Car = Crm + 0.50 eT (7.16) 
i=1 


where n represents the total number of pieces of equipment. The use of these equations is shown in Example 7.14. 
Example 7.14 


A small expansion to an existing chemical facility is being investigated, and a preliminary PFD of the process is shown in 
Figure E7.14. 


Figure E7.14 PFD for Example 7.14 

The expansion involves the installation of a new distillation column with a reboiler, condenser, pumps, and other associated 
equipment. A list of the equipment, sizes, materials of construction, and operating pressures is given in Table E7.14(a). Using 
the information in Appendix A, calculate the total module cost for this expansion in 2016. 

Table E7.14(a) Information on Equipment Required for the Plant Expansion Described in Example 7.14 

Equipment No. Capacity/Size Material of Construction* Operating Pressure (barg) 


E-101 Area=170 m? Tube—CS Tube = 5.0 

Overhead Shell and tube Shell—CS Shell = 5.0 

condenser (floating head) 

E-102 Area=205 m? Tube—SS Tube = 18.0 

Reboiler Shell and tube Shell—CS Shell = 6.0 
(floating head) 

E-103 Area = 10 m? All CS construction Inner = 5.0 

Product cooler (double pipe) Outer = 5.0 

P-101A/B Powerghaft = 5 KWCS Discharge = 5.0 

Reflux pumps Centrifugal 

T-101 Diameter = 2.1 m Vessel—CS Column = 5.0 


Aromatics columnHeight = 23 m 
32 sieve trays Trays—SS 
V-101 Diameter = 1.8 m Vessel—CS Vessel = 5.0 
Reflux drum Length = 6 m Horizontal 
*CS = Carbon steel; SS = Stainless steel 
tbarg = bar gauge, thus 0.0 barg = 1.0 bar 
Solution 
The same algorithm presented above is used to estimate bare module costs for all equipment. This information is listed in Table 


E7.14(b), along with purchased equipment cost, pressure factors, material factors, and bare module factors. 
Table E7.14(b) Results of Capital Cost Estimate for Example 7.14 
o o 
Kayo? (2001) E m (2001) ($ 
($) ) 
E-101 1.0 1.0 3.2933,000 108,500 108,500 
E-102 1.0621.814.82 36,900 177,900 121,300 


Equipment Fp Fm 


E-103 1.0 1.0 3.293700 12,300 12,300 
P-101A/B 1.0 1.553.98(2)(3200) (2)(12,600) _(2)(10,300) 


T-101 1.6811.0 5.3154,700 290,700 222,800 
32 trays 1.831.83(32)(2200) 131,200 71,700 
V-101 1.5131.0 3.7913,500 51,200 40,600 
Totals 219,900 797,000 597,800 
CEPCI =397 


Cpu (2016) = (542/397)(797,000) = $1,088,100 
The substitutions from Table E7.14(b) are made into Equations (7.15) and (7.16) to determine the total module cost and the 
grassroots cost. 


Total module cost in 2016(Crm) = 1.18 / Cam; = 1.18($797, 00) (542/397) = $1, 284, 000 


i=1 


Grassroots cost in 2016(C¢r) = Crm + 0.50 koe = $1, 276, 700 + 0.50($597, 800) (542/397) 
i=1 
— $1, 692, 000 


Although the grassroots cost is not appropriate here (because this involves only a small expansion to an existing facility), it is 
shown for completeness. 

7.3.8 A Computer Program (CAPCOST) for Capital Cost Estimation Using the Equipment Module Approach 

For processes involving only a few pieces of equipment, estimating the capital cost of the plant by hand is relatively easy. For 
complex processes with many pieces of equipment, these calculations become tedious. To make this process easier, a computer 
program has been developed that allows the user to enter data interactively and obtain cost estimates in a fraction of the time 
required for hand calculations with less chance for error. The program (CAPCOST_2017.xls) is programmed in Microsoft 
Excel, and a template copy of the program is available on the website 

https://richardturton. faculty. wvu.edu/publications/analysis-synthesis-and-design-of-chemical-processes-Sth-edition. 


The program is written in the Microsoft Windows programming environment. The program requires the user to input 
information about the equipment—for example, the capacity, operating pressure, and materials of construction. The cost data 
can be adjusted for inflation by entering the current value of the CEPCI. Other information such as output file names and the 
number of the unit (100, 200, etc.) is also required. 

The equipment options available to the user are given below. 

Blenders 

Centrifuges 

Compressors and blowers without drives 

Conveyors 

Crystallizers 

Drives for compressors, blowers, and pumps 

Dryers 

Dust collectors 

Evaporators and vaporizers 

Fans with electric drives 

Filters 

Fired heaters, thermal fluid heaters, and packaged steam boilers 

Furnaces 

Heat exchangers 

Mixers 

Process vessels with/without internals 

Power recovery equipment 

Pumps with electric drives 

Reactors 

Screens 

Storage vessels (fixed roof and floating roof) 


Towers 

User-added modules 

The type of equipment required can be entered by using the mouse-activated buttons provided on the first worksheet. The user 
will then be asked a series of questions that appear on the screen. The user will be required to identify or enter the same 
information as would be needed to do the calculations by hand—that is, operating pressure, materials of construction, and the 
size of the equipment. The same information as contained in the cost charts and tables in Appendix A is embedded in the 
program, and the program should give the same results as hand calculations using these charts. 

It should be noted that all the factors used in the calculations may be specified by the user; therefore, customization of the 
program is possible. 

When the data for equipment are entered, a list of the costs on the first worksheet is updated. The use of the spreadsheet is 
explained in the CAPCOST.avi help files contained on the website https://richardturton. faculty. wvu.edu/publications/analysis- 
synthesis-and-design-of-chemical-processes-Sth-edition, and the reader is encouraged to view the file prior to using the 
software. The results for Example E7.14 from CAPCOST2017 are shown in Table 7.12. As can be seen, the results are 
essentially identical to those found by hand calculation. 

Table 7.12 Results from CAPCOST2017 for Example 7.14 


Add Equipment 
Edit Equipment 
Remove All Equipment 


CEPCI 542 


User Added Equipment 
Shell Tube Area 
Pressure Pressure (square Purchased Equipment Bare Module 
Exchangers Exchanger Type (barg) (barg) Moc meters) Cost (Cp) Cost (Cem) 
E-101 Floating Head 5 5 Carbon Steel/ 170 $45,000 $148,000 
Carbon Steel 
E-102 Floating Head 6 18 Stainless Steel/ 205 $96,800 $243,000 
Carbon Steel 
E-103 Double Pipe 5 Carbon Steel/ 10 $5,090 $16,800 
Carbon Steel 
Pumps Discharge 
(with Power Pressure Purchased Equipment Bare Module 
drives) Pump Type (kilowatts) #Spares MOC (barg) Cost (C,°) Cost (Cem) 
P-101 Centrifugal 5 1 Carbon Steel 5 $10.700 $34,500 
Tower Height Diameter Demister Pressure Purchased Equipment Bare Module 
Towers Description (meters) (meters) Tower MOC MOC (barg) Cost (C,°) Cost (Cpm) 
T-101 32 Stainless Steel 23 2:1 Carbon Steel 5 $277,000 $576,000 
Sieve Tray 
Length/ 
Height Diameter Demister Pressure Purchased Equipment Bare Module 
Vessels Orientation (meters) (meters) Moc Moc (barg) Cost Cost 
V-101 Horizontal 6 1.8 Carbon Steel 5 5 $27,900 $69,800 
Total Bare Module Cost $1,088,100 
Total Module Cost =$1,284,000 
Total Grassroots Cost = $1,692,000 


7.4 ESTIMATION OF PLANT COSTS BASED ON CAPACITY INFORMATION 

For feasibility or order-of-magnitude study estimates, it is common to estimate the cost of the plant using historical data and 
then to scale the plant for capacity and inflation. Recent work by Jiang [18] presents results for 18 different types of processing 
plants related to energy and power production plants. The data for this study were taken from three main sources: Baliban et al. 
[19], Bechtel [20], Bechtel and Amoco [21], and NETL [22]. The results are summarized in Table 7.13 for 2016. Equations 
(7.17) and (7.18) are used to estimate the plant cost. The equations differ depending on whether the off-site costs (outside 
battery limits, OBL) are included in the plant cost or not, as indicated by the last column in Table 7.13. For plants in which the 
OBL is included, the overall cost represents the grassroots cost of the plant, Cor. When the OBL are not included, the plant cost 
approximately represents the total module cost of the plant, Crm. 


F n 
Cor = Co (=) 


T. (7.17) 


F n 


Table 7.13 Scaling Parameters for 18 Different Processing Plants 


. CO ($ Base Maximum Capacity,Capacity Capacity OBL 

Equipment ee : , R n 
millions) Capacity, Fo Fmax Basis Units Included 

Gasifier 133.4 2464 2616 dry feed tonne/day 0.67yes 
Sour water gas shift 3.07 2556 2600 output tonne/day 0.65no 
COS hydrolysis 2.99 4975 7500 output tonne/day 0.67yes 
Isomerization 0.97 13.06 2720 feed tonne/day 0.62no 
Catalytic reforming 5.25 36.99 8160 feed tonne/day 0.60no 
Wax hydrocracking 9.40 97.92 2656 feed tonne/day 0.55no 
Air separation unit 56.34 1839 2500 Op tonne/day 0.50yes 
Coal pre-processing 55.95 2464 2616 dry feed  tonne/day 0.67yes 
Biomass pre-processing 27.23 2000 dry feed tonne/day 0.67yes 
CO, compression 30.95 11256 CO, tonne/day 0.75no 
Pressure swing adsorption for Hz 0.817 944 i Nm3/hr 0.55no 
recovery 
Claus unit 23.58 125 S tonne/day 0.67no 
Steam methane reformer 60.43 26.1 35.0 feed kg/s 0.67no 
Shale gas pre-reformer 11.97 26.10 feed kg/s 0.67no 
Autothermal reformer 9.98 12.2 35.0 output feed 0.67yes 
asada saccade” 0 50800 feed bbl/day  0.67no 
Process) 
ee C eee 92.24 587.79 feed tonne/hr  0.67no 


Liquefaction) reactor 

Fischer-Tropsch reactor 3985 25.88 26.1 feed Nm?/hr 0.75no 
Source: Adapted from Jiang, Y., Techno-Economic Studies of Coal-Biomass to Liquids (CBTL) Plants with CO, Capture and 
Storage (CCS), Ph.D. Dissertation, West Virginia University, Morgantown, WV, 2017. 

When the maximum capacity of a plant (Fmax in Table 7.13) is exceeded, then the plant can be split into identically sized 
parallel trains. When multiple trains are used, there are cost savings associated with their use and a power law factor of 0.9 can 
be applied, as shown in Equation (7.19). Example 7.15 illustrates the use of these equations. 


CTM rains = CTM train (Piraeus ee orCGR = CGR, train (Ntrains ji (7. 19) 


Example 7.15 

Determine the cost of an air separation unit with a capacity of 1600 tonne/day of oxygen. 

Determine the cost of an air separation unit with a capacity of 3200 tonne/day of oxygen. 

Determine the cost of catalytic reforming unit with a feed rate of 200 tonne/day. 

Solution 

The air separation plant includes the OBL cost, thus the result will correspond to grassroots cost. From Equation (7.17), 


n 0.50 
Cor = co( =) = (56.34) (E) = $52.55miliion 


An air separation plant that generates 3200 tonne/day of oxygen exceeds the maximum capacity for a single unit (Fmax = 2500 
tonne/day). Therefore, two identical trains of 1600 tonne/day should be used. Therefore, the grassroots cost is given by Equation 


(7.18), Cer = Cert rain trains > = (52.55)(2)°? = $98.06 million The catalytic reforming unit cost in Table 7.13 does not 
include the OBL cost, thus the result will correspond to the total module cost for the process. From Equation (7.19), 


F n 200 0.60 


7.5 SUMMARY 
In this chapter, the different types of capital cost estimating techniques that are available were reviewed. The accuracy of the 


different estimates was shown to increase significantly with the time involved in completion and the amount of data required. 
The information required to make an equipment module estimate based on data from the major process equipment was also 
covered. The effects of operating pressure and materials of construction on the bare module cost of equipment were reviewed. 
Several examples were given to show how the installed cost of equipment is significantly greater than the purchased cost and 
how the installed cost increases with increased pressure and materials of construction. The use of cost indices to adjust for the 
effects of inflation on equipment costs was considered, and the Chemical Engineering Plant Cost Index (CEPCI) was adopted 
for all inflation adjustments. The concepts of grassroots and total module costs were introduced in order to make estimates of 
the total capital required to build a brand-new plant or make an expansion to an existing facility. To ease the calculation of the 
various costs, a computer program (CAPCOST) for cost estimation was introduced. This chapter contains the basic approach to 
estimating capital costs for new chemical plants and expansions to existing plants, and mastery of this material is assumed in the 
remaining chapters. 

WHAT YOU SHOULD HAVE LEARNED 

Equipment costs can be estimated from correlations developed based on vendor quotes or based on historical purchase data. 
These correlations can be adjusted for changes in cost over time (inflation). 

The equipment cost is also a function of operating pressure and materials of construction. 

The capital cost of a chemical plant can be obtained by adding the individual equipment costs and including other factors such 
as site development and auxiliary facilities. 
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SHORT ANSWER QUESTIONS 

1. What are the three main factors that determine the capital cost of a piece of equipment such as a heat exchanger at a given 
time? 

2. What is the Chemical Engineering Plant Cost Index (CEPCI) used for, and what does it measure? 

3. What is the difference between the total module cost and the grassroots cost of a chemical process? 


4. When would you use a cost exponent of 0.6? 

5. What is meant by the economy of scale? 

6. What is a Lang Factor? 

7. The pressure factor F, for a shell-and-tube heat exchanger is significantly smaller than for a vessel over the same pressure 
range. Why is this so? 

PROBLEMS 

8. The cost of a plant to produce 1.27 million tonne/y of polyethylene was $540 million. Estimate what the range of cost 
estimates would likely have been for a Class 5, a Class 3, and a Class | estimate. 

9. In Appendix A, Figures A.|—A.17, the purchased costs for various types of equipment are given. The y-axis is given as the 
cost of the equipment per unit of capacity, and the x-axis is given as the capacity. The capacity is simply the relevant sizing 
parameter for the equipment. Identify all equipment that does not conform to the principle of the economy of scale. 

10. A process vessel was purchased in the United Kingdom for a plant in the United States in 1993. A similar vessel, but of 
different capacity, was purchased in 1998. From the data given below, estimate the cost in U.S.$ of a vessel of 120 m? capacity 
purchased in 2017 (assume a value of CEPCT = 542). 

DateVessel Capacity (m*)Purchased Cost (Pounds Sterling = £)Exchange Rate 


199375 £7,800 $1.40/£ 
1998155 £13,800 $1.65/£ 
2017120 $1.30/£ 


11. You have been hired as a consultant to a legal firm. Part of your assignment is to determine the size of a storage tank 
purchased in 1978 (CEPCI = 219), before computerization of records. Many records from this era were destroyed in a fire (not 
in the plant, but in a distant office building). The tank was replaced every 10 years, and the sizes have changed due to plant 
capacity changes. You have the information in the table below. Estimate the original capacity of this vessel. 

DateTank Capacity (1000 gal)Purchased Cost 


1978? $35,400 
1988105 $45,300 
199885 $45,500 


12. In your role as a consultant to a legal firm, you have been requested to determine whether calculations submitted in a legal 
action are valid. The problem is to determine what year a compressor was placed into service. The information in the table is 
available. It is claimed that the compressor was placed into service in 1976. History suggests that during the period from 1976 to 
1985 there was significant inflation. Do you believe the information submitted is correct? If not, what year do you believe the 
compressor to be placed into service? Use CEPCT = 500 for 2006. 

Date Compressor Power (kW) Total Module Cost (in 10°$) 


??? 1000 645.93 
2000 500 500.00 
2006 775 811.68 


Note: CEPCI (1986) = 318, CEPCI (1981) = 297, CEPCI (1976) = 192. 

13. When designing equipment for high-temperature and high-pressure service, the maximum allowable stress as a function of 
temperature of the material of construction is of great importance. Consider a cylindrical vessel shell that is to be designed for 
pressure of 150 bar (design pressure). The diameter of the vessel is 3.2 m, it is 15 m long, and a corrosion allowance of 6.35 mm 
(1/4") is to be used. Construct a table that shows the thickness of the vessel walls in the temperature range of 300 to 500°C (in 
20°C increments) if the materials of construction are (a) ASME SA515-grade carbon steel and (b) ASME SA-240-grade 316 
stainless steel. 

14. Using the results of Problem 7.13, determine the relative costs of the vessel using the two materials of construction (CS and 
316 SS) over the temperature range. You may assume that the cost of the vessel is directly proportional to the weight of the 
vessel and that the 316 SS costs 3.0 times as much as CS. Based on these results, which material of construction is favored over 
the temperature range 300—500°C for this vessel? 

15. A certain vendor estimates the cost of vertical drums made from stainless steel as a function of the volume (V) of the 
cylindrical portion of the drum and the diameter (d) of the end pieces. The cost function is Cost($) = aV°* + bd? 

where V is in ft? and d is in ft. Your company has purchased two such drums in the past, and the information is given in Table 
P7.15. Estimate the cost when CEPCI = 550 of a 5 ft diameter and 12 ft tall drum. 

Table P7.15 Size and Cost Data for Problem 7.15 

Year Purchased Height (ft)Diameter (ft) Purchased Cost ($) 

1986 15 6 24,224 

1998 10 3 7202 


The following problems may be solved either by using hand calculations or by using CAPCOST (use a value of CEPCI = 
542). 

16. Determine the bare module cost of a 1-shell-pass, 2-tube-pass (1-2) heat exchanger designed for the following operating 
conditions: Maximum operating pressure (tube side) = 30 barg 

Maximum operating pressure (shell side) = 5 barg 

Process fluid in tubes requires stainless steel MOC 

Shell-side utility (cooling water) requires carbon steel MOC 

Heat exchange area = 160 m? 

17. Repeat Problem 7.16, except reverse the shell-side and tube-side fluids. Are your results consistent with the heuristics for 
heat exchangers given in Chapter | 1? Which heuristic is relevant? 

18. In Chapter 15, the concepts of heat-exchanger networks and pinch technology are discussed. When designing these networks 
to recover process heat, it is often necessary to have a close temperature approach between process streams, which leads to large 
heat exchangers with multiple shells. Multiple-shell heat exchangers are often constructed from sets of 1—2 shell-and-tube 
exchangers stacked together. For costing considerations, the cost of the multiple-shell heat exchanger is best estimated as a 
number of smaller 1—2 exchangers. Consider a heat exchanger constructed of carbon steel and designed to withstand a pressure 
of 20 barg in both the shell and tube sides. This equipment has a heat exchange area of 400 m?. Do the following: 

Determine the bare module cost of this 4-shell and 8-tube pass heat exchanger as four, 1—2 exchangers, each with a heat- 
exchange area of 100 m°. 

Determine the bare module cost of the same exchanger as if it had a single shell. 

What is the name of the principle given in this chapter that explains the difference between the two answers in (a) and (b)? 

19. A distillation column is initially designed to separate a mixture of toluene and xylene at around ambient temperature (say, 
100°C) and pressure (say, 1 barg). The column has 20 stainless steel valve trays and is 2 m in diameter and 14 m tall. Determine 
the purchased cost and the bare module cost using CEPCI = 542. 

20. A column with similar dimensions, number of trays, and operating at the same conditions as given in Problem 7.19 is to be 
used to separate a mixture containing the following chemicals. For each case determine the bare module cost using CEPCI = 
542. 

10% nitric acid solution 

50% sodium hydroxide solution 

10% sulfuric acid solution 

98% sulfuric acid solution 

Hint: You may need to look for the relevant MOC for Part (d) on the Internet or another resource. 

It is recommended that the following problems be solved using CAPCOST (use a value of CEPCI = 542). 

Determine the bare module, total module, and grassroots cost of the following: 

21. Toluene hydrodealkylation plant described in Chapter | (see Figures 1.3 and 1.5 and Tables 1.5 and 1.7) 22. Ethylbenzene 
plant described in Appendix B, Project B.2 

23. Styrene plant described in Appendix B, Project B.3 

24. Drying oil plant described in Appendix B, Project B.4 

25. Maleic anhydride plant described in Appendix B, Project B.5 

26. Ethylene oxide plant described in Appendix B, Project B.6 

27. Formalin plant described in Appendix B, Project B.7 


Chapter 8: Estimation of 
Manufacturing Costs 


WHAT YOU WILL LEARN 


e Itis necessary to quantify the cost of manufacture of a chemical 
process. 


e The primary components of the cost of manufacture are raw materials, 
utilities, and waste treatment. 


The costs associated with the day-to-day operation of a 
chemical plant must be estimated before the economic 
feasibility of a proposed process can be assessed. This chapter 
introduces the important factors affecting the manufacturing 
cost and provides methods to estimate each factor. In order to 
estimate the manufacturing cost, process information provided 
on the process flow diagram (PFD), an estimate of the fixed 
capital investment, and an estimate of the number of operators 
required to operate the plant are all needed. The fixed capital 
investment is the same as either the total module cost or the 
grassroots cost defined in Chapter 7. Manufacturing costs are 
expressed in units of dollars per unit time, in contrast to the 
capital costs, which are expressed in dollars. How these two 
costs are treated, expressed in different units, to judge the 
economic merit of a process is covered in Chapters 9 and 10. 


8.1 FACTORS AFFECTING THE COST OF 
MANUFACTURING A CHEMICAL 
PRODUCT 


There are many elements that influence the cost of 
manufacturing chemicals. A list of these elements, including a 
brief explanation of each cost, is given in Table 8.1. 


Table 8.1 Factors Affecting the Cost of Manufacturing 
(COM) for a Chemical Product 


Description of Factor 


1. Direct Costs Factors that vary with the rate of 
production 


1. Raw materials Costs of chemical feedstocks required by the 
process. Flowrates obtained from the PFD. 


2. Waste Costs of waste treatment to protect environment. 
treatment 
3. Utilities Costs of utility streams required by process. 


Includes but not limited to 
1. Fuel gas, oil, and/or coal 


2. Electric power 


4. Operating 
labor 


supervisory 
and clerical 
labor 


6. Maintenance 
and repairs 


7. Operating 
supplies 


8. Laboratory 
charges 


9. Patents and 


5. Direct 


royalties 


2. Fixed Costs 


1. Depreciation 


2. Local taxes and 
insurance 


3. Plant overhead 
costs 
(sometimes 
referred to as 
factory 
expenses) 


3. General 
Expenses 


1. Administration 
costs 


2. Distribution 
and selling 
costs 


3. Research and 
development 


GONNA Y 


. Steam (all pressures) 


Cooling water 

Process water 

Boiler feed water 
Instrument air 

Inert gas (nitrogen, etc.) 
Refrigeration 


Flowrates for utilities found on the PFD/P&IDs. 


Costs of personnel required for plant operations. 


Cost of administrative, engineering, and support 
personnel. 


Costs of labor and materials associated with 
maintenance. 


Costs of miscellaneous supplies that support daily 
operation not considered to be raw materials. 
Examples include chart paper, lubricants, 
miscellaneous chemicals, filters, respirators and 
protective clothing for operators, etc. 


Costs of routine and special laboratory tests 
required for product quality control and 
troubleshooting. 


Factors not affected by the level of 
production 


Costs associated with the physical plant 
(buildings, equipment, etc.). Legal operating 
expense for tax purposes. 


Costs associated with property taxes and liability 
insurance. Based on plant location and severity of 
the process. 


Catch-all costs associated with operations of 
auxiliary facilities supporting the manufacturing 
process. Costs involve payroll and accounting 
services, fire protection and safety services, 
medical services, cafeteria and any recreation 
facilities, payroll overhead and employee benefits, 
general engineering, etc. 


Costs associated with management-level 
and administrative activities not directly 
related to the manufacturing process 


Costs for administration. Includes salaries, other 
administration, buildings, and other related 
activities. 


Costs of sales and marketing required to sell 
chemical products. Includes salaries and other 


Cost of using patented or licensed technology. | 
miscellaneous costs. 


Costs of research activities related to the process 
and product. Includes salaries and funds for 
research-related equipment and supplies, etc. 


Source: Ulrich, G. D., A Guide to Chemical Engineering Process Design 
and Economics, John Wiley & Sons, New York, 1984; Peters, M. S., and 


K. D. Timmerhaus, Plant Design and Economics for Chemical Engineers, 
4th ed., McGraw-Hill, New York, 1990; Valle-Riestra, J. F., Project 
Evaluation in the Chemical Process Industries, McGraw-Hill, New York, 
1983. 


The cost information provided in Table 8.1 is divided into 


three categories: 


1. Direct Manufacturing Costs: These costs represent operating 
expenses that vary with production rate. When product demand drops, 
production rate is reduced to less than the design capacity. At this lower 
rate, a reduction in the factors making up the direct manufacturing costs 
would be expected. These reductions may be directly proportional to the 
production rate, as for raw materials, or might be reduced slightly—for 
example, maintenance costs or operating labor. 

2. Fixed Manufacturing Costs: These costs are independent of changes 
in production rate. They include property taxes, insurance, and 
depreciation, which are charged at constant rates even when the plant is 
not in operation. 

3. General Expenses: These costs represent an overhead burden that is 
necessary to carry out business functions. They include management, 
sales, financing, and research functions. General expenses seldom vary 
with production level. However, items such as research and development 
and distribution and selling costs may decrease if extended periods of low 
production levels occur. 


The equation used to evaluate the cost of manufacture using 
these costs becomes: 


Cost of Manufacture (COM) = Direct Manufacturing Costs 
(DMC) + Fixed Manufacturing Costs (FMC) + General Expenses 
(GE) The approach provided in this chapter is similar to that 
presented in other chemical engineering design texts [1-3]. 


The cost of manufacturing, COM, can be determined when 
the following costs are known or can be estimated: 


Fixed capital investment (FCT) (Cy or Cer) 
Cost of operating labor (Coz) 

Cost of utilities (Cyr) 

Cost of waste treatment (Cwr) 


gee bop 


Cost of raw materials (Crm) 


Table 8.2 gives data to estimate the individual cost items 
identified in Table 8.1 (both tables carry the same identification 
of individual cost terms). With the exception of the cost of raw 
materials, waste treatment, utilities, and operating labor (all 
parts of the direct manufacturing costs), Table 8.2 presents 
equations that can be used to estimate each individual item. 
With each equation, a typical range for the constants 
(multiplication factors) to estimate an individual cost item is 
presented. If no other information is available, the midpoint 
value for each of these ranges is used to estimate the costs 
involved. It should be noted that the best information that is 
available should always be used to establish these constants. 
The method presented here should be used only when no other 
information on these costs is available. 


Table 8.2 Multiplication Factors for Estimating 


Manufacturing Cost* (See Also Table 8.1) 


Cost Item from 
Table 8.1 


1. Direct 
Manufacturing 
Costs 


1. Raw materials 


2. Waste 
treatment 


3. Utilities 


4. Operating 
labor 


. Direct 
supervisory 
and clerical 
labor 


6. Maintenance 
and repairs 


7. Operating 
supplies 


8. Laboratory 
charges 


9. Patents and 
royalties 


Total Direct 
Manufacturing 
Costs 


2. Fixed 
Manufacturing 
Costs 


1. Depreciation 


2. Local taxes and 
insurance 
3. Plant overhead 


costs 


Total Fixed 
Manufacturing 
Costs 


3. General 
Manufacturing 
Expenses 


1. Administration 
costs 


2. Distribution 
and selling 
costs 


3. Research and 
development 


Total General 


Typical Range of Multiplying 
Factors 


CoL 


(0.1-0.25)CoL 


(0.02-0.1)FCI 
(0.1-0.2)(Line 1.F) 
(0.1-0.2)Cor, 
(0-0.06)COM 


Crm + Cwr + Cur + 1-33Coz + 
0.03COM + 0.069FCI 


0.1FCI 


(0.014-0.05) FCI 


(0.50-0.7)(Line 1.D. + Line 1.E + 
Line 1.F) 


0.708Coz, + 0.068FCI + 
depreciation 


0.15(Line 1.D. + Line 1.E.+ Line 1.F.) 


(0.02-0.2)COM 


0.05COM 


0.177Co, + 0.009FCI + 


Value 
Used in 
Text 


0.18CorL 


0.06FCI 


CoL | 


0.708Cor, 
+ 
0.036FCI 


0.177Co, 


Manufacturing 0.16COM 


Costs 

Total Costs Crm + Cwr + Cur + 2.215C0L + 
0.190COM + 0.146FCI + 
depreciation 


*Costs are given in dollars per unit time (usually per year). 
‘Costs are evaluated from information given on the PFD and the unit 
cost. 


“Depreciation costs are covered separately in Chapter 9. The use of 10% 
of FCT is a crude approximation at best. From references [1-3]. 


By using the midpoint values given in Table 8.2, column 2, 
the resulting equations for the individual items are calculated in 
column 3. The cost items for each of the three categories are 
added together to provide the total cost for each category. The 
equations for estimating the costs for each of the categories are 
as follows: DMC = Cry + Cwr + Cur + 1.33Cor + 0.069FCI + 
0.03COM 
FMC = 0.708Co;, + 0.068FCI + depreciation 
GE = 0.177Coz,, + 0.009FCI + 0.16COM 

The total manufacturing cost can be obtained by adding 
these three cost categories together and solving for the total 
manufacturing cost, COM. The result is 


COM = 0.280FCI + 2.73Coz + 1.23(Cyr + Cwr + Crm) 
(8.1) 


In Equation (8.1), the depreciation allowance of 0.10FCT is 
added separately. 


The cost of manufacture without depreciation, COM, is 


COM, = 0.180FCI + 2.73Coz + 1.23(Cyr + Cwr + Crm) 
(8.2) 


An illustration of the calculation of manufacturing costs and 
expenses is given in Example 8.1. 


Example 8.1 


The following cost information was obtained from a 
design for a 92,000 tonne/y nitric acid plant: 


Fixed Capital Investment $11,000,000 

Raw Materials Cost $ 7,950,000/y 

Waste Treatment Cost $ 1,000,000/y 

Utilities $ 356,000/y 

Direct Labor Cost $ 300,000/y 

Fixed Costs $ 1,500,000/y 
Determine 


1. The manufacturing cost in $/y and $/tonne of nitric acid 


2. The percentage of manufacturing costs resulting from each cost 
category given in Tables 8.1 and 8.2 


Solution 


Using Equation (8.2), 


COM, = (0. 180) ($11, 000, 000) 
+ (2. 73) ($300, 000) + 
(1. 23) ($356, 000 + $1, 000, 000 + $7, 950, 000) 
= $14, 245, 000/y 
($14, 245, 000/y) / (92, 0O00tonne/y) = $155/tonne 


From the relationships given in Table 8.2, 


Direct Manufacturing Costs = $7,950,000 + 
$1,000,000 + $356,000 + (1.33)($300,000) + (0.069) 
($11,000,000) + (0.03)($14,245,000) = $10,891,000 
Percentage of manufacturing cost = (100)(10.891)/14.25 
= 76% 

Fixed Manufacturing Costs = (0.708)($300,000) + 
(0.068)($11,000,000) = $960,000 

Percentage of manufacturing cost = (100)(0.960)/14.25 
= 7% 

General Expenses = (0.177)($300,000) + (0.009) 
($11,000,000) + (0.16)($14,245,000) = $2,431,000 


Percentage of manufacturing cost = (100)(2.431)/14.25 = 
17% 


In Example 8.1, the direct costs were shown to dominate the 
manufacturing costs, accounting for about 76% of the 
manufacturing costs. Of these direct costs, the raw materials 
cost, the waste treatment cost, and the cost of utilities 
accounted for more than $9 million of the $10.9 million direct 
costs. These three cost contributions are not dependent on any 
of the estimating factors provided in Table 8.2. Therefore, the 
manufacturing cost is generally insensitive to the estimating 
factors provided in Table 8.2. The use of the midrange values is 
acceptable for this situation. 


8.2 COST OF OPERATING LABOR 


The technique used to estimate operating labor requirements is 
based on data obtained from five chemical companies and 
correlated by Alkhayat and Gerrard [4]. According to this 
method, the operating labor requirement for chemical 
processing plants is given by Equation (8.3): 


Nox = (6.29 + 31.7P? +0.23Nnp) 


(8.3) 


where No, is the number of operators per shift, P is the number 
of processing steps involving the handling of particulate solids— 
for example, transportation and distribution, particulate size 
control, and particulate removal. Nj, is the number of 


nonparticulate processing steps and includes compression, 
heating and cooling, mixing, and reaction. In general, for the 
processes considered in this text, the value of P is zero, and the 
value of Npp is given by 


Nnp = > Equipment (8.4) 


compressors 
towers 
reactors 
heaters 
exchangers 


Equation (8.3) was derived for processes with, at most, two 
solid handling steps. For processes with a greater number of 
solid handling operations, this equation should not be used. 

The value of Noz in Equation (8.3) is the number of 
operators required to run the process unit per shift. It is 
assumed that a single operator works on the average 49 weeks a 
year (3 weeks time off for vacation and sick leave), five 8-hour 
shifts a week. This amounts to (49 weeks/year x 5 shifts/week) 
245 shifts per operator per year. A chemical plant normally 
operates 24 hours/day. This requires (365 days/year x 3 
shifts/day) 1095 operating shifts per year. The number of 
operators needed to provide this number of shifts is [(1095 
shifts/y)/(245 shifts/operator/y)] or approximately 4.5 
operators. Four and one-half operators are hired for each 
operator needed in the plant at any time. This provides the 
needed operating labor but does not include any support or 
supervisory staff. 

To estimate the cost of operating labor, the average hourly 
wage of an operator is required. Chemical plant operators are 
relatively highly paid, and data from the Bureau of Labor 
Statistics [5] give the hourly rate for miscellaneous plant and 
system operators in the Gulf Coast region (Texas) at $32.17 in 
May 2016. This corresponds to $66,910 for a 2080-hour year, 
not including benefits. The cost of labor depends considerably 
on the location of the plant, and significant variations from the 
above figure may be expected. Historically, wage levels for 
chemical plant operators have grown slightly faster than the 
other cost indexes for process plant equipment given in Chapter 
7. The Oil and Gas Journal and Engineering News Record 
provide appropriate indices to correct labor costs for inflation, 
or reference [5] can be consulted. The estimation of operating 
costs is illustrated in Example 8.2. 


Example 8.2 


Estimate the operating labor requirement and costs for 
the toluene hydrodealkylation facility shown in Figures 
1.3 and 1.5. 

From the PFD in Figure 1.5, the number and type of 
equipment are determined. 
Using Equation (8.4), an estimate of the number of 
operators required per shift is made. This information is 


shown in Table E8.2. 


Nox = [6.29 + (0)°* + (0.23)(10)]°° = [8.59]°° = 2.93 


Table E8.2 Results for the Estimation of 
Operating Labor Requirements for the Toluene 
Hydrodealkylation Process Using the 
Equipment Module Approach 


Equipment Type Number of Equipment Nnp 
Compressors 1 1 | 
Exchangers 6 6 | 
Heaters/Furnaces 1 1 | 
Pumps* 2 — | 
Reactors 1 1 | 
Towers 1 1 | 
Vessels* 4 — | 
Total 10 
*Pumps and vessels are not counted in evaluating Nnp in 
Equation (8.4). 


The number of operators required per shift = 2.93. 
Operating Labor = (4.5)(2.93) = 13.2 (rounding up to the 
nearest integer yields 14 operators) 

Labor Costs (2016) = 14 x $66,910 = $936,700 / y 


8.3 UTILITY COSTS 


The costs of utilities are directly influenced by the cost of fuel. 
Specific difficulties emerge when estimating the cost of fuel, 
which directly impacts the price of utilities such as electricity, 
steam, and thermal fluids. Figure 8.1 shows the general trends 
for fossil fuel and electricity costs from 2001 to 2016. The costs 
presented represent average values and are not site specific. 
These costs do not reflect the wide variability of cost and 
availability of various fuels throughout the United States. 
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Figure 8.1 Changes in Fuel Prices from 2001 to 2016 
(Information Taken from Energy Information Administration, 
http://www.eia.gov/ [6]) 


8.3.1 Background Information on Utilities 


As seen from Figure 8.1, coal represents the lowest-cost fossil 
fuel on an energy basis. Most coal is consumed near the “mine 
mouth” in large power plants to produce electricity. The 
electricity is transported by power lines to the consumer. At 
locations remote from mines, both the availability and cost of 
transportation reduce and/or eliminate much of the cost 
advantage of coal. Coal suffers further from its negative 
environmental impact—for example, relatively high sulfur 
content and relatively high ratio of CO, produced per unit of 
energy. 

From Figure 8.1, it is seen that No. 6 fuel oil (a heavy oil with 
a relatively high sulfur content) and natural gas are the next 
most expensive fuels. Natural gas fuel is the least damaging 
fossil fuel energy supply with respect to the environment. It is 
transported by pipelines throughout much of the country. The 
cost is less uniform than coal throughout different regions of the 
country. There remain, however, regions in the country that are 
not yet serviced by the natural gas distribution system. In these 
regions, the use of natural gas is not an option that can be 
considered. Although natural gas is a mixture of several light 
hydrocarbons, it consists predominantly of methane. For the 
calculations used in this text, it is assumed that methane and 
natural gas are equivalent. It is also clear from Figure 8.1 that 
over the last few years the cost of natural gas has become very 
competitive with coal and has in part contributed to the demise 
of the coal industry in the United States. 


No. 2 fuel oil is the final fossil fuel that is commonly used as 
an energy source in the chemical industry. Historically, it has 
been the highest-cost fossil fuel source. It is most readily 
available near coastal regions where oil enters the country and 
refining takes place. Large fluctuations in price and its relatively 
high cost compared to natural gas make this source of energy 
the least attractive in many situations. The cost of crude oil is 
included in Figure 8.1 for comparison purposes and will be 
discussed in more detail in relation to raw material costs given 
in Section 8.4 


Finally, the cost of electricity (generated by all sources 
including fossil fuel, nuclear, wind, and solar) is also included in 
Figure 8.1 along with the CEPCI cost index. The trends in the 
figure show that fuel costs generally have changed in a much 
more chaotic fashion than the cost index. However, the cost of 
electricity seems to track the CEPCI remarkably well. Therefore, 
with the exception of electricity, the changes in fuel cost over 
time cannot be predicted using a simple inflation index such as 
CEPCI. 

As a result of the regional variations in the availability and 
costs of fossil fuels, along with the inability of the cost index to 


represent energy costs, it is assumed that site-specific cost and 
availability information must be provided for a valid estimation 
of energy costs. It is assumed in this text that natural gas is the 
fuel of choice unless otherwise stated. 


The PFD for the toluene hydrodealkylation process (Figure 
1.5) represents the “battery-limits” plant. The equipment 
necessary to produce the various service or utility streams, 
which are used in the process and are necessary for the plant to 
operate, are not shown on the PFD. However, the utility streams 
such as cooling water and steam for heating are shown on the 
PFD. These streams, termed utilities, are necessary for the 
control of stream temperatures as required by the process. 
These utilities can be supplied in a number of ways: 


1. Purchasing from a Public or Private Utility: In this situation no 
capital cost is involved, and the utility rates charged are based upon 
consumption. In addition the utility is delivered to the battery limits at 
known conditions. 

2. Supplied by the Company: A comprehensive off-site facility provides 
the utility needs for many processes at a common location. In this case, 
the rates charged to a process unit reflect the fixed capital and the 
operating costs required to produce the utility. 

3. Self-Generated and Used by a Single Process Unit: In this 
situation the capital cost for purchase and installation becomes part of the 
fixed capital cost of the process unit. Likewise the related operating costs 
for producing that particular utility are directly charged to the process 
unit. 


Utilities that would likely be provided in a comprehensive 
chemical plant complex are shown in Table 8.3. 


Table 8.3 Utilities Provided by Off-Sites for a Plant 
with Multiple Process Units (Costs Represent 
Charges for Utilities Delivered to the Battery Limit of 
a Process and Are Based on the Natural Gas Cost and 
Electricity Price Listed in This Table) 


Cost Cost/Common 


Utility Description $/GJ Unit 
Air Supply Pressurized and dried air $0.86/100 std 
(add 20% for instrument m°* 
air) $0.50/100 std 
m°* 


1. 6 barg (90 psig) 
2. 3.3 barg (50 psig) 


Boilers only 4.54 $9.45/1000 kg 
1. Low pressure (5 barg, 
160°C) from HP steam 2.78 $5.56/1000 kg 


With credit for power 
r 4.77 $9.54/1000 kg 


Without credit for power 
5.66 $9.61/1000 kg 


Steam from Process steam: latent heat 2.03 $4.22/1000 kg 
2. Medium pressure (10 barg, 
184°C) from HP steam 
With credit for power 
Without credit for power 
3. High pressure (41 barg, 
254°C) 
Steam Estimate savings as 3.51 
Generated avoided cost of burning 


from Process 


Cooling 
Tower Water 


Other Water 


Electrical 


Substation 


Fuels 


Refrigeration 


Systems 


Waste 
Disposal 


Thermal 
(Solid and 


1. 


3. 


4. 


1. 
2. 
3- 


1. 


m 


1. 


25 


1. 


2. 


natural gas in boiler 
(assuming a 90% thermal 
efficiency) 


Processes cooling water: 

30°C to 40°C or 45°C 

High-purity water for 
Process use 


(based on 1/3 cost of 
potable water) 


. Boiler feed water (available 


at 115°C and 1.7 bar). 
(based on thermal energy 
content and cost to 
demineralize water—see 
Example 8.6. For boiler 
feed water supply to low-, 
medium-and high- 
pressure waste heat 
boilers, the cost for 
pumping the water to the 
appropriate operating 
pressure should be added 
to this cost.) 

Potable (drinking) 
(based on the lowest US 
rate for residential users 
Lo]) 


Deionized water 
Electric Distribution** 

110 V 

220 V 

440 V 

Fuel oil (No. 2)** 


. Natural gas** 


. Coal (f.0.b. mine mouth)** 


. Moderately low 


temperature 


Refrigerated water in at T 
= 5°C and returned at 15°C 


. Low temperature 


Refrigerant available at T 
= -20°C 


. Very low temperature 


Refrigerant available at T 
= -50°C 


Cost based on thermal 
efficiency of fired heater 
using natural gas 

90% efficient 

80% efficient 


Nonhazardous 


Hazardous 


0.378 


18.72 


10.26 


3.16° 


2.04 


4-77 
8.49 
14.12 


3-51 
3-95 


$15.7/1000 
3t 


$0.177/1000 
kg 
$1.523/1000 
kg 


$0.53/1000 kg 
$14.5/1000 kg 


$0.0674/kWh 


$398.4/m° 
($1.508/gal) 
$0.1119/std 
m2?* 


$51.57/tonne 


Based on 
process cooling 
duty 

Based on 
process cooling 
duty 

Based on 
process cooling 


duty 


process heating 


duty 


$36/tonne 


$200- 


Based on 
2000/tonne°® 


Liquid) 


Wastewater 1. Primary (filtration) $41/1000 m? 
Treatment 2. Secondary (filtration + $43/1000 m? 
activated sludge) $56/1000 3 


3. Tertiary (filtration, 
activated sludge, and 
chemical processing) 


*Standard conditions are 1.013 bar and 15°C. 

**These values are used to determine the other utility costs given in this 
table. 

tBased on AT pooling water = 10°C. Cooling water return temperatures 
should not exceed 45°C due to excess scaling at higher temperatures. 
+Approximately equal credit is given for condensate returned from 
exchangers using steam. 

§Based on lower heating value of natural gas of 950 Btu/std ft? = 0.0354 
GJ/std m’, where the definition of standard is 1 atm and 25°C. 

°For hazardous waste, the cost of disposal varies widely. Chemical 
analyses are required for all materials that cannot be thoroughly 
identified. This does not include radioactive waste. 


8.3.2 Calculation of Utility Costs 


The calculation of utility costs can be quite complicated, and the 
true cost of such streams is often difficult to estimate in a large 
facility. For estimating operating costs associated with 
supplying utilities to different processes, the approach taken 
here is to assume that the capital investment required to build a 
facility to supply the utility—for example, a cooling tower, a 
steam boiler, and so forth—has already been made. This would 
þe the case when a grassroots cost has been used for the fixed 
capital investment. The costs associated with supplying a given 
utility are then obtained by calculating the operating costs to 
generate the utility. These are the costs that have been 
presented in Table 8.3, and the following sections show how 
these cost estimates were obtained for the major utilities given 
in the table. Worksheets for these calculations have been 
provided in the CAPCOST costing software and allow the user to 
update the appropriate energy cost to estimate the prices for 
utilities. 


Cooling Tower Water. In most large chemical, 
petrochemical, and refinery plants, cooling water is supplied to 
process units from a central facility. This facility consists of a 
cooling tower (or many cooling towers), water makeup, 
chemical injection, and the cooling water feed pumps. A typical 
cooling water facility is shown in Figure 8.2. 


Cooling Water Return (40°C) 


Evaporative (Wower) and Purge or 
Antifouling | Windage Losses (Wwing) Blowdown (Wep) 
Chemicals = 
m 


Process User |) 


Cooling Water 
Supply (30°C) 


Process User |— 


Process User [> 


Water Makeup (Wy) 


Figure 8.2 Schematic Diagram of Cooling Water Loop 


The cooling of the water occurs in the cooling tower where 
some of the water is evaporated. Adding makeup water to the 
circulating cooling water stream makes up this loss. Because 
essentially pure water is evaporated, there is a tendency for 
inorganic material to accumulate in the circulating loop; 
therefore, there is a water purge or blowdown from the system. 
The makeup water stream also accounts for windage or spray 
losses from the tower and also the water purge. Chemicals are 
added to reduce the tendency of the water to foul heat 
exchanger surfaces within the processes. For a detailed 
discussion and further information regarding the conditioning 
of water for cooling towers, the reader is referred to Hile et al. 
[7] and Gibson [8]. From Figure 8.2, the cost to supply process 
users with cooling water can be estimated if the following are 
known: 


e Total heat load and circulation rate required for process users 


e Composition and saturation compositions of inorganic chemicals in the 
feed water 


Required chemical addition rate 


Desired supply and return temperatures (shown earlier to be 30°C and 
40°C, respectively) 


Cost of cooling tower and cooling water pumps 


Costs of supply chemicals, electricity for pumps and cooling tower fans, 
and makeup water 

The estimation of operating costs associated with a typical 
cooling water system is illustrated in Example 8.3. 


Example 8.3 


Estimate the utility cost for producing a circulating 
cooling water stream using a mechanical draft cooling 
tower. Consider a basis of 1 GJ/h of energy removal from 
the process units. Flow of cooling water required to 
remove this energy = mkg/h. 


An energy balance gives 
mcp AT = 1 x 10° = (rh) (4180)(40 — 30) = 41, 
800m = 1 x 10°J/h 


Therefore, n = i 1? = 23, 923kg/h 


Latent heat of water at average temperature of 35°C = 
2417 kJ/kg 
Amount of water evaporated from tower, Wtower: 


HeatLoad E 1 x 10° 


Wrower = eee = A 
f AB yap 2417 x 10° 


= 413.7kg/h 


This is (413.7)(100)/(23,923) = 1.73% of the circulating 
water flowrate. 


Typical windage losses from mechanical draft towers 
are between 0.1% and 0.3% [10, 11]; use 0.3%. 

To calculate the blowdown, the maximum allowable 
salt (inorganics) concentration factor, s, of the circulating 
water compared with the makeup water must be known. 
The definition of s is given in the following equation: 


concentration salts in cooling water loop 


concentration salts in makeup water 
Sloop 


Sin 
Typical values are between 3 and 7 [10]. Here a value of 5 
is assumed. By performing a water and salt balance on 
the loop shown in Figure 8.2, and assuming that pure 
water is evaporated, the following results are obtained: 
Wmu = Wrower + Wwind + Wap 
Sin Wuu = Sloop Wwind + Sloop Wep 
Because Sloop = 5Sin it follows that 


Sin (Wiower F W wind T Wep) = Sloop Wind 
RE Sloop WBD 
Sin Wtower + Wwind (Sin —Sloo in Wi e 
Wep a towe w ( n oop ) = Sin W tower — Wwind 


Sloop — Sin Sloop — Sin 


= tue = wind = 2B = 0.3% = 0.133% 


Wmvu = 1.73 + 0.3 + 0.133 = 2.163% = 517kg/h 


Pressure drop around the cooling water loop is estimated 
as follows: APigop = 15 psi (pipe losses) + 5 psi (exchanger 
losses) + 10 psi (control valve loss) + 8.7 psi of static 
head (because water must be pumped to top of cooling 
water tower, estimated to be 20 ft above pump inlet) = 
38.7 psi = 266.7 kPa. 

Power required for cooling water pumps with a 
volumetric flowrate V, assuming an overall efficiency of 
75% and density of water at 35°C as 994 kg/m’, is 


Ihs 
Pump power = JVP 


© 1 (23, 923) 7 
Se TRC TINE (266.7) = 2.38kW 


Power required for fans: from reference [10], the 
required surface area in the tower = 0.5 ft*/gpm (this 
assumes that the design wet-bulb air temperature is 
26.7°C [80°F ]). From the same reference, the fan 
horsepower per square foot of tower area is 0.041 hp/ft°. 


(23, 923) (2.2048) 
(60) (8.337) 
= 2.16hp = (2.16) (0.746) = 1.61kW 


(0.5) (0.041) 


Power for fan = 


Using data from Nalco Water [12], the cost of 


chemicals is $0.0347/1000 kg of makeup water. 

From Table 8.3, using an electricity cost of 
$0.0674/kWh and a process water cost of $0.176/1000 
kg, the overall cost of the cooling water is given by Cost of 
cooling water = cost of electricity + cost of chemicals for 
makeup water + cost of makeup water 

Using the cost values for electricity and process water 
given in Table 8.3, 


Cooling water cost = (0.0674) (2.38 + 1.61) 


(517.3)(0.176) — (517.3)(0.0347) 
1000 1000 


= $0.378/h = $0.378/GJ 


The density of water at 30°C = 996 kg/m? 


This gives a cost of ($0.378)(996)/(23.922) = 
$15.7/1000 m° of circulating cooling water 


Clearly, this cost will change depending on the cost of 
electricity, the cost of chemicals, and the cost of process water. 


Refrigeration. The basic refrigeration cycle consists of 
circulating a working fluid around a loop consisting of a 
compressor, evaporator, expansion valve or turbine, and 
condenser. This cycle is shown in Figure 8.3. The phases of the 
working fluid (L-liquid and V-vapor) are shown on the diagram. 


Condenser 


Compressor Expansion Valve 
or Turbine 


Evaporator 


Figure 8.3 Process Flow Diagram for a Simple Refrigeration 
Cycle 


The Carnot efficiency of a mechanical refrigeration system 
can be expressed by the reversible coefficient of performance, 
COP REV: 


COP, REV 


evaporator temperature (T;) 


~~ temperature difference between condenser and evaporator(T)—T;) 


COP & evaporator heat load 


orwork required 
work required 


__ evaporator heat load 
a COP 


Because all the processes for a Carnot engine must be 
reversible, the COPpry gives the best theoretical performance of 


a refrigeration system. Thus the net required power 
(compressor-expansion turbine) will always be greater than that 
predicted by the equation above using COPrry. Nevertheless, it 
is clear that as the temperature difference between the 
evaporator and condenser increases, then the work required per 
unit of energy removed in the evaporator (refrigerator) 
increases. Therefore, the operating costs for refrigeration will 
increase as the temperature at which the refrigeration is 
required decreases. The condensation of the working fluid will 
most often be achieved using cooling water, so a reasonable 
condensing temperature would be 45°C (giving a 5°C approach 
in the condensing exchanger). Figure 8.4 illustrates the effect of 
the evaporator temperature on the reversible work required for 
a given cooling load. This figure gives an approximate guide to 
the relative cost of refrigeration. The relative costs of 
refrigeration at different temperatures are explored in Example 
8.4. 
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Figure 8.4 Ideal Work for Refrigeration Cycles as a Function 
of Refrigeration Temperature 


Example 8.4 


Using Figure 8.4, calculate the relative costs of providing 
refrigeration at 5°C, -20°C, and —50°C. From the figure, 
the ordinate values are given as follows: 


Temperature 1/COPRev 
5°C 0.144 
-20°C 0.257 
-50°C 0.426 


Therefore, compared with cooling at 5°C, cooling to 
-20°C is 0.257/0.144 (1.78) times as expensive, and 
cooling to -50°C is 0.426/0.144 (2.96) times as 
expensive. This analysis assumes that the two 
refrigeration systems operate equally efficiently with 
respect to the reversible limit and that the major cost is 
the power to run the compressors. 


In Example 8.5, a real refrigeration system is considered, 
and operating costs are estimated. 


Example 8.5 


Obtain a cost estimate for a refrigerated cooling utility 
operating at 5°C. 

Consider a single-stage refrigeration system to 
provide refrigeration at 5°C, using 1,1 difluoroethane (R- 
152a) as the refrigerant. The process flow diagram and 
operating conditions are given in Figure E8.5 and Table 
E8.5, respectively. 


Condenser 


Compressor z 
pi Expansion Valve 


Process Stream to Be Cooled 


Evaporator 


Figure E8.5 Process Flow Diagram for Simple 
Refrigeration Cycle of Example 8.5 


Table E8.5 Stream Conditions for Figure E8.5 


Stream Number 
Condition 1 2 3 4 
Pressure (bar) 10.41 10.41 3.19 3.19 | 
Temperature (°C) 74.2 45.0 5.0 5.0 | 
Vapor Fraction 1.0 0.0 0.2237 1.0 


For the simulation shown, pressure drops across 
piping and heat exchangers have not been considered. 
When the circulation rate of R-152a is 64.87 kmol/h, the 
duty of the evaporator is 1 GJ/h. The compressor is 
assumed to be 75% efficient and the loads on the 
equipment are as follows: Compressor Power = 63.8 kW 
(at 75% efficiency) 

Condenser Duty = 1.23 GJ/h 
Evaporator Duty = 1.00 GJ/h 


Compressor work per unit of cooling = 
(63.8)/(,000,000/3600) = 0.2297 


This value compares with 0.144 for the Carnot cycle. 
The main differences are due to the inefficiencies in the 
compressor and the use of a throttling valve instead of a 
turbine. 


The cost of refrigeration at = (63.8)(0.0674) + (1.24)(0.378) 


5°C 


= 4.30 + 0.469 = $4.773/h = 
$4.77/GJI 


Using the results of Example 6.4, the cost of 
refrigeration at -20°C and -50°C can be predicted as 
The cost of refrigeration at —20°C = (4.77)(1.78) = 
$8.49/GJ 
The cost of refrigeration at —50°C = (4.77)(2.96) = 
$14.12/GJ 


For refrigeration systems operating at less than 
temperatures of approximately —60°C, the simple refrigeration 
cycle shown in Figures 8.4 and E8.5 is no longer applicable. The 
main reason for this is that there are no common refrigerants 
that can be liquefied at 45°C under reasonable pressures (not 
excessively high) and still give the desired low temperature in 
the condenser also at reasonable pressures (not excessively 
low). For these low-temperature systems, some form of 
cascaded refrigeration system is required. In such systems, two 
working fluids are used. The primary fluid provides cooling to 
the process (at the lowest temperature) and rejects heat to the 
secondary working fluid that rejects its heat to cooling water at 
45°C. A simplified diagram of a cascaded refrigeration system is 
shown in Figure 8.5. To estimate refrigeration costs for 
temperatures lower than say —50°C, a cascaded refrigeration 
cycle should be designed and simulated and the operating costs 
should be estimated from the simulation. 
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Figure 8.5 Schematic Diagram of a Simple Cascaded 
Refrigeration System 


Steam Production. Steam is produced by the evaporation 
and superheating of specially treated water. The fuel that is 
used to supply the energy to produce steam is by far the major 
operating expense. However, water treatment costs can be 
substantial depending on the supply water composition and the 
degree of recovery of condensed steam in process heat 
exchangers. As shown in Table 8.3, for large chemical plants, 
steam is often required at several different pressure levels. 
However, it is often generated at the highest level and then let 
down to the lower pressure levels through turbines or let-down 


valves. The turbines produce electricity used in the plant. A 
typical steam generating facility is shown in Figure 8.6. Because 
there are losses of steam in the system due to leaks and, more 
importantly, due to process users not returning condensate, 
there is a need to add makeup water. This water is filtered to 
remove particulates and then treated to reduce the hardness 
(demineralized). The latter can be achieved by the addition of 
chemicals to precipitate magnesium and calcium salts followed 
by filtration. These salts have reverse solubility 
characteristics and, therefore, precipitate at high temperatures. 
Alternatively, an ion-exchange system can be employed. The 
solids-free, “soft” water is now fed to the steam generating 
system. The thorough treatment of the water is necessary, 
because any contaminants entering with the water will 
ultimately deposit on heat-exchanger surfaces and boiler tubes 
and cause fouling and other damage. Another important issue is 
the dissolved oxygen and carbon dioxide that enter with the 
makeup water. These dissolved gases must be removed in order 
to eliminate (reduce) corrosion of metal surfaces in the plant. 
The removal occurs in the deaerator, in which the makeup 
water is scrubbed with steam to de-gas the water. Oxygen 
scavengers are also added to the circulating condensate to 
remove any trace amounts of oxygen in the system. Amines may 
also be added to the water in order to neutralize any residual 
carbonic acid formed from dissolved carbon dioxide. Finally, 
blowdown of water from the water storage tank (situated near 
the boiler) is necessary to remove any heavy sludge and solids 
that are picked up as steam and condensate circulate through 
the system [13]. The problems associated with the buildup of 
chemicals become even more troublesome in high-pressure 
(>66 bar) boilers, and several solutions are discussed by Wolfe 
[14]. 


High Pressure (HP) F | 1 
Process Users q 
ofHP Steam | Lost form © Let-Down 
Pecan Stations 
Medium Pressure (MP) } 
E Process Users eet | | a 
of MP Steam | 
it from 
Low Pressure (LP) fF — 


t 
Process Users | — 
of LP Steam 


Process Steam 
Generators of LP, 
MP, and HP 
Steam 


Makeup Water 


Fired Boiler 


~] 
Blowdown 


+ Boiler Feed 
Water Pumps 


+ + ¥ { 


=f 


Condensate | 


Figure 8.6 Typical Steam Producing System for a Large 
Chemical Facility 


In order to estimate accurately steam generation costs, it is 
necessary to complete a steam balance on the plant. An 
algorithm for carrying out a steam balance for a new facility is 
listed below. 


1. Determine the pressure levels for the steam in the plant. These are usually 
set at around 41.0 barg (600 psig), between 10.0 barg (150 psig) and 15.5 
barg (225 psig), and between 3.4 barg (50 psig) and 6.1 barg (90 psig). 

2. Determine the total number of process users of the different levels of 
steam. These numbers become the basis for the steam balance. 

3. Determine which of the above users will return condensate to the boiler 
feed water (bfw) system. Note: If live steam injection is required for the 
process, there will be no condensate returned from this service. In 
addition, for some small users, condensate return may not be economical, 
that is, the cost of providing steam traps and condensate return piping 
outweighs the savings in returning the condensate. 

4. Determine the condensate-return header pressure. 


. Estimate the blowdown losses. 


a 


6. Complete a balance on the steam and condensate, and estimate the steam 
required in the deaerator. Then determine the required water makeup to 
the steam system. 


7. Determine the steam generating capacity of the steam boiler. The logic 
used here is that all steam will be generated at the highest-pressure level 
and will be let down either through turbines or let-down stations (valves) 
to the medium-and low-pressure headers. The high-pressure steam is 
often generated at 44.3 barg (650 psig) to allow for frictional losses and 
superheated to 400°C (752°F) to produce more efficient power production 
in the turbines. 


8. Additional power generation may be accomplished by running turbines 
using the high-pressure steam, by using surface condensers (operating at 
the cooling water temperature), and by running turbines between the 
medium-and low-pressure steam headers. All these options are shown in 
Figure 8.6. In order to balance a plant’s electrical and steam needs, the 
determination of the correct amount of steam to generate is an iterative 
process. 


Clearly the algorithm can become quite complicated. In 
order to determine a reasonable value or cost for the different 
steam levels, the approach used here is to assume that all the 
steam will be generated at the highest pressure level and then 
let down to the appropriate pressure level through turbines or 
let-down stations (valves). In the former case, credit will be 
taken for generating power; in the latter case, credit will not be 
taken. The procedure for calculating the cost of steam at 
different pressure levels is given in Example 8.6. 


Example 8.6 


Determine the cost of producing high-, medium-, and 
low-pressure steam using a natural gas fuel source. For 
medium-and low-pressure steam production, assume 
that steam is produced at the highest pressure level, and 
consider both the case when this steam is sent through a 
turbine to make electricity and when it is simply 
throttled through a valve. 

Again the approach taken here is to assume that the 
fixed capital investment associated with the initial 
purchase of the steam generation facilities has been 
accounted for elsewhere, that is, in the fixed capital 
investment of the plant. The analysis given below 
accounts only for the operating costs associated with 
steam (and power) production. The source of fuel is 


assumed to be natural gas that costs $3.16/GJ. See Table 
8.3. 


High-Pressure Steam (41.0 barg) 


Basis is 1000 kg of HP steam generated at 45.3 bar and 
400°C > h44. barg,400°C = 3205.0 kJ/kg. 

Conditions at the header are 41 bar saturated (Tat = 
254°C). Note that the steam is generated at a higher 
pressure and superheated for more efficient expansion, 
but that desuperheating will be assumed at the process 
user. 

Assume boiler feed water comes from a deaerator that 
operates at exhaust steam header pressure of 0.7 barg 
and Tsat = 115°C (10 psig) > hpfw = 482.6 kJ/kg. 


AF fu—HPSteam = (3205.0-482. 6) = 2722.4 kJ/kg 


Energy required to produce HP steam 
= (2722. 4) (1000) = 2. 722 GJ 


Because this HP steam is superheated, more than 1000 
kg of saturated steam can be produced from it. In order 
to desuperheat this steam, bfw is added to produce 
saturated steam at 41.0 barg (h = 2799.9 kJ/kg). See 


Figure E8.6. 


Figure E8.6 Sketch of Desuperheating Process for HP 
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Let x be the amount of saturated HP steam produced 
from superheated HP steam; an enthalpy balance gives 
(1000)(3205.0) + (x — 1000)(482.6) = (x)(2799.9) 

___ (3205.0—482.6) (1000) 


> © = "—~19799.9-482.6) 1174.8kg 


The cost of natural gas to produce 1000 kg of sat HP 
steam (assuming a 90% boiler efficiency and based on 
the unit cost of natural gas given in Table 8.3) is given by 


_ (2.722) (1000) (3.16) _ 


Treatment costs for circulating boiler feed water = 
$0.156/1000 kg for oxygen scavengers, and so on 
(average from several vendors). 

Boiler feed water cost is based on the assumption that 
10% makeup is required based on the HP steam 
generated. 

Cost of electricity to power air blowers supplying 
combustion air to boiler: 


Natural gas usage (per 1000 kg of sat HP steam) = 
2.722/0.9/1.1748 = 2.575 GJ = (2.574)(3.16)/(0.1119) = 
72.71 std m? = 72.71/22.4 = 3.246 kmol Oxygen usage 
(based on 3% excess over stoichiometric) = (3.246)(2) 
(1.03) = 6.69 kmol oxygen 

This comes from (6.69)/(0.21) = 31.84 kmol of air. 
Assume that this air must be raised 0.5 bar to overcome 
frictional losses in boiler and stack, and assume that the 
blower is 60% efficient. Therefore, the electrical usage for 
the blower is 15.53 kWh/1000 kg of steam produced, 
giving an electricity cost = (15.53)(0.0674) = $1.05. 

The cost of bfw is based on the water makeup, treatment 
chemicals, and the thermal energy in the stream. 


For a basis of 1000 kg of bfw, 


Cost of makeup water = $0.177/1000 kg 

Cost of chemicals for treatment = $0.156/1000 kg 
Energy in bfw = 

bfw = mac, AT = (1000) (4.18)(115 — 25) = 0.376GJ 
Value of energy = ($3.16)(0.376) = $1.19 

bfw cost = 1.19 + 0.177 + 0.156 = $1.523/1000 kg (This is 
the cost stated in Table 8.3.) Cost of bfw makeup = (0.1) 
(1.523) = $0.0.152 

Work required to pump bfw from 1.7 bar to 45.3 bar = 
6.586 MJ/1000 kg = 1.83 kWh/1000 kg 

Cost of electricity to pump bfw = (1.83)(0.0674) = $ 0.12 
Total cost of HP steam = cost of natural gas + cost to 
treat circulating water + cost of electricity for air blowers 
+ cost of makeup bfw + pumping cost for bfw = $8.14 + 
$0.156 + $1.05 + $0.152 + $0.12 = $9.61/1000 kg Energy 
released by condensing 1000 kg of 41 barg saturated 
steam = (1000)(2799.9 — 1101.6) = 1.698 GJ Therefore, 
the cost of using HP steam in a heat exchanger = 
$9.61/1.698 = $5.66/GJ 


Medium-Pressure Steam (10.0 barg and 184°C) 
With power generation 

It is assumed that letting steam down through a turbine 
from the high-pressure header to the medium-pressure 
header will generate electrical power. 

The theoretical steam requirement (kg steam/kWh) 
for this situation is found by assuming an isentropic 
expansion of the steam from the HP condition to the 
medium-pressure level. From the steam tables, the 
following information is known: 


haa 3barg,400°C = 3205 kJ/kg ands44.3barg,400°C = 6 
7032 kJ/kg K 


By interpolating at constant specific entropy down to a 
pressure of 10 barg, the outlet temperature is calculated 
as 212°C and the outlet enthalpy = 2851.9 kJ/kg. 


Ah = (3205-2851. 9) = 353.1 kJ/kg 
= theoretical work 


Therefore, 1000 kg of HP steam produces 353.1 MJ or 
98.08 kWh of electricity. 

Assuming a turbine efficiency of 75%, the output 
power is (0.75)(98.14) = 73.6 kWh. 


Credit for electricity = (73.6) (0.0674) = $4. 96 


The actual outlet enthalpy of the steam is 3205 — 
(353.1)(0.75) = 2940.2 kJ/kg. This is still superheated 
steam. Desuperheating the steam to 10.0 barg and 
saturated conditions (h = 2780.7 kJ/kg) will generate x 
kg of MP steam from the 1000 kg of HP steam, where 


(1000) (2940. 2) + (x — 1000) (482. 6) = (x) (2780. 7) 
(2940.2 — 482.6)(1000) 


ie rebated EA 
k (2780.7 — 482.6) g 


Therefore, the cost of natural gas to produce 1000 kg of 
MP steam (assuming a 90% boiler efficiency efficiency 
and based on the unit cost of natural gas given in Table 
8.3) is 


(2.722) (1000) (3.16) 


Cost = 79.9) (1069.4) 


= $8.937 


The cost of electricity for the blower can be found by 
using the ratio of the natural gas usage from the high- 
pressure steam case. Therefore, 


(8.937) 
(8.14) 


Cost of electricity = (1.05) = $1.15 


Total cost of MP steam (with power production) = 
$8.937 — $4.96 + $1.15 + $0.152 + $0.156 + $0.12 = 
$5.56/1000 kg. Energy released when 1000 kg of MP 
steam is condensed = (1000)(2780.7 — 781.2) = 1.9995 
GJ. Therefore the cost of using MP steam in a heat 
exchanger = $(5.56)/(1.9995) = $2.78/GJ. 


Without power generation 

For the case when power production is not implemented, 
the HP steam is throttled to the pressure of the MP 
header through a let-down station, which is essentially 
an irreversible, isenthalpic process through a valve. The 
superheated steam is then desuperheated at the process 
user. 


Enthalpy of HP steam (at 44.8 barg and 400°C) = 3205 
kJ/kg 

Enthalpy of saturated MP steam = 2780.7 kJ/kg 
Enthalpy of bfw = 482.6 kJ/kg 


If x is the amount of saturated MP steam obtained by 
desuperheating, then an enthalpy balance gives 


(1000) (3205.0) + (a — 1000) (482.6) = (a) (2780.7) 
(1000)(3205.0 — 482.6) 


EE coma ACLs Ey 
j (2780.7 — 482.6) $ 


Cost of natural gas to produce 1000 kg of sat HP steam 
(assuming a 90% boiler efficiency) is 


__ (2.722) (1000) (3.16) _ 


Cost of electricity for the air blower = ———~ (1.05) 


= $1.04 


Total cost of MP steam (without = $8.07 + $1.04 + $0.152 + 
power production) $0.156 + $0.12 


= $9.54/1000 kg 


Cost of MP steam as a heat transfer utility in a heat 
exchanger = $9.54/(1.9995) = $4.77/GJ 


Low-Pressure Steam (5.2 barg, 160°C) 

With power generation 

The calculation procedures for evaluating the cost of low- 
pressure steam are identical to those given above for 
medium-pressure steam and the results are given below. 


Heat,vap,160°C = 2757.6 kJ/kg 


At 6.2 bar and an entropy of s = 6.7032 kJ/kg K the exit 
enthalpy and temperature for reversible adiabatic 
expansion of HP superheated steam at 75% efficiency are 
H = 2854.8 kJ/kgK and T = 202.4°C. 


Electricity produced = (3205—2854.8) = 350.2 MJ/h = 
97.3 kWh 


(1000) (2854.8 — 482.6) 
paean O 0 Tice 
(2757.6 — 482.6) 


Credit for electricity produced = (97.3)(0.0674) = $6.557 


Cost of natural gas = oe COO 2) = $9.166 
Cost of electricity for the air blower = sa (1.05) 


= $1.18 


Total cost of LP steam (with = $9.166 — $6.557 + $1.18 + 
power production) $0.152 + $0.156 + $0.12 


= $4.22/1000 kg 


Energy released by condensing 1000 kg of lp steam = 


(1000)(2757.6 — 676.1) = 2.0815 GJ 
Cost to condense steam in a heat exchanger = 
$4.22/(2.0815) = $2.03 /GJ 


Without power generation 

For the case when power production is not implemented, 
the HP steam is throttled to the pressure of the LP 
header through a let-down station, which is essentially 
an irreversible, isentropic process through a valve. The 
superheated steam is then desuperheated at the process 
user. 


Enthalpy of HP steam (at 44.8 barg and 400°C) = 3205 
kJ/kg 

Enthalpy of saturated LP steam = 2757.6 kJ/kg 
Enthalpy of bfw = 482.6 kJ/kg 


If x is the amount of saturated MP steam obtained by 
desuperheating, then an enthalpy balance gives 


__ (1000) (3205 — 482.6) 


= 1196.7k 
(2757.6 — 482.6) i 


Cost of natural gas to produce 1000 kg of sat LP steam 
(assuming a 90% boiler efficiency) is 


= (2.722) (1000)(3.16) 
Cost = (0.9) (1196.7) = $7.99 
Cost of electricity for the air blower = ear (1.05) 


= $1.03 


Total cost of LP steam (without = $7.99 + $1.03 + $0.152 + 
power production) $0.156 + $0.12 


= $9.45/1000 kg 


Cost of MP steam as a heat transfer utility in a heat 
exchanger = $9.45/(2.0815) = $4.54/GJ 


Waste Heat Boilers 


When steam is generated from within the process—in a 
waste heat boiler, for example—the savings to the process 
are usually calculated from the avoided cost of using an 
equivalent amount of natural gas in the boiler system. If 
the boiler efficiency is assumed to be 90%, then for every 
GJ of energy saved by producing steam within a process 
unit, the boiler facility saves ($3.16)/(0.9) = $3.51 in 
natural gas costs. 


Hot Circulating Heat Transfer Fluids. Again, the 
greatest cost for these systems is the fuel that is burned to heat 
the circulating heat-transfer fluid. Typical efficiencies (based on 
the lower heating value, LHV, of the fuel) for these heaters 
range from 60% to 82% [1]. With air preheating economizers, 
the efficiency can be as high as 90%. Example 8.7 illustrates the 


use of efficiencies in fired heaters. 


8.4 RAW MATERIAL COSTS 


The cost of raw materials can be estimated by using the current 


Example 8.7 


Estimate the utility cost of a heat-transfer medium 
heated in a fired heater using natural gas as the fuel. 


Solution 


Assuming that the heat-transfer medium is heated in a 
process heater that is 80% efficient and uses natural gas 


at $3.16/GJ as the fuel source, 


Cost of lGJ of energy = (1) (3.16) / (0.80) = $3.95 


/GJ 


Assuming a 90% efficient heater, 


Cost of l1GJ of energy = (1) (3.16) / (0.9) = $3.51 


These costs are listed in Table 8.3. 


/GI. 


price listed in such publications as the Chemical Market 
Reporter (CMR) [15], ICIS Chemical Business [16], and 
Chemical and Engineering News [17]. A list of common 


chemicals and their selling price, as of August 2008, are given 
in Table 8.4. Current raw material and product chemical prices 
may be obtained from the current issue of the CMR [15]. To 


locate costs for individual items, it is not sufficient to look solely 


at the current issue, because not all chemicals are listed in each 


issue. It is necessary to explore several of the most recent issues. 
In addition, for certain chemicals large seasonal price 


fluctuations may exist, and it may be advisable to look at the 
average price over a period of several months or even years. 


Table 8.4 Costs of Some Common Chemicals* 


Chemical 
Acetaldehyde 


Acetic Acid 


Acetone (MMA grade) 


Acrylic Acid 
Allyl Chloride 
Benzene 
Chlorine 
Dimethyl Ether 


Ethanol (190 Proof) 


Cost ($/kg) 
1.003 

0.838 

1.102 

1.918 

1.80. 

1.196 

0.284 

0.841 (2011) 


1.138 


Typical Shipping 
Capacity or Basis for 
Price 


Railroad Tank Cars 
Railroad Tank Cars 
Railroad Tank Cars 
Railroad Tank Cars 
F.0.B. Gulf Coast 
Barge, Gulf Coast 
Railroad Tank Car 
Railroad Tank Car 


Railroad Tank Car 


Ethylbenzene 


Ethylene 
Ethylene Oxide 


Formaladehyde/Formalin 
(37 wt%) 


No Inhibitor 


7% Methanol Inhibitor 


Hydrochloric Acid 
(22°Be) 


Iso-Butylene 
Iso-Propanol (99%) 
Maleic Anhydride 


Methanol 


Methyl Ethyl Ketone 
MTBE 
Propylene 


Polymer Grade 


Chemical Grade 


Styrene 
Sulfur (Crude) 
Sulfuric Acid (Virgin) 


Toluene 
Mixed Xylenes 
Ortho-Xylene 
Para-Xylene 


Meta-Xylene 


1.268 


1.488 
1.687 


0.463 


0.463 


0.094 


0.706 
1.444 


1.543 


0.338 (range 
of 0.211 to 
0.465) 


1.598 


1.112 


1.334 


1.235 
1.488 


2.910 


Railroad Tank Car, Gulf 
Coast 


Contract 


Railroad Tank Car 


Railroad Tank Car, Gulf 
Coast 


Railroad Tank Car, Gulf 
Coast 


Railroad Tank Car, 
Works 


F.O.B. Works 
Railroad Tank Car 


Railroad Tank Car 


F.O.B. Gulf Coast 
Railroad Tank Car | 
Barge, F.O.B. Asia | 


F.O.B. Gulf Coast—Spot 
Price 


F.O.B. Gulf Coast—Spot 
Price 


F.O.B. Works 


Railroad Car 


Railroad Tank Car, Gulf 
Coast 


Barge, Gulf Coast 
Barge, Gulf Coast 


Railroad Tank Cars 


Railroad Tank Cars 


*Unless stated otherwise, these are average values from 
http://www.icis.com/StaticPages/a-e.htm#top, August 2008. 


tVendor quote. 


Railroad Tank Cars | 


Prediction of chemical prices is a complex issue and is 
subject to changing market forces that occur at the local, 
regional, and global levels. To illustrate some of these 
complexities, consider the cost of two products from crude oil, 
namely No. 2 and No. 6 fuel oils. The price variation for these 
products was shown in Figure 8.1 (for the US) and is reprodued 
in Figure 8.7(a). It is clear that the price of the two fuel oils 
track with the price of crude oil fairly closely, which is not 
unexpected, since the primary cost associated with each fuel oil 
is the cost of the crude from which it is derived. However, if the 
price of each fuel oil relative to the cost of crude oil is plotted, 


Figure 8.7(b), the trends are not so clear and show that there is 
considerable variation in the relative costs of each product to 
that of crude oil. These variations are due to market forces 
associated with the supply and demand of each product and can 
have a considerable affect on the price of each at any given time. 
Note, that the time average values of No. 2 and No. 6 fuel oils 
are 1.32 and 0.89 times the price of crude, but these relative 
costs may change by +20% or more at any given time. For long- 
term planning purposes, the average relative costs of 1.32 and 
0.89 will be fairly accurate predictors for the selling prices of 
these fuel oils, but significant variations from these values can 
be expected on a yearly basis. 


Cost of Energy ($/GJ) 


2000 2002 2004 2006 2008 #2010 2012 2014 2016 2018 
End of Year 
(a) 


—- Avg. = 1.32 


No. 6 Resid 


—- Avg. = 0.89 


Ratio of Fuel Price to Price of Crude 


ry T t T 
1990 1995 2000 2005 2010 2015 
Year 
(b) 


Figure 8.7 (a) Cost of Fuel Oils and Crude in the US from 
2001 to 2016 and (b) Relative Cost of Fuel Oils with Respect 
to Crude Oil from 2001 to 2016 


Another factor that is sometimes overlooked is that often 
companies will lock onto a selling or purchase price through a 
short-or long-term contract. Such contracts will often yield 
prices that are significantly lower than those given in the CMR 
or other sources for chemical prices. In addition, in doing 
economic evaluations for different chemical processes, the 
purchase and selling price for chemicals will not always be 
available from the CMR. For example, in January 2001, CMR 
stopped publishing the price of dimethyl ether. Likewise, prices 
for allyl alcohol have not been published for several years. The 


prices shown in Table 8.4 were obtained from manufacturers’ 
quotes. When doing economic evaluations for new, existing, or 
future plants, it is advisable to establish the true selling or 
purchase price for all raw materials and products. Because the 
largest operating cost is nearly always the cost of raw materials, 
it is important to obtain accurate prices if realistic economic 
evaluations are to be obtained. 


8.5 YEARLY COSTS AND STREAM 
FACTORS 


Manufacturing and associated costs are most often reported in 
terms of $/y. Information on a PFD is most often reported in 
terms of kg or kmol per hour or per second. In order to calculate 
the yearly cost of raw materials or utilities, the fraction of time 
that the plant is operating in a year must be known. This 
fraction is known as the stream factor (SF), where 


Number of days plant operates per year 


365 
(8.5) 


Stream factor(SF) = 


Typical values of the stream factor for continuous chemical 
processes are in the range of 0.92 to 0.98. Most reliable and 
well-managed plants will typically shut down for one or two 
weeks a year for scheduled maintenance, giving an SF of 0.96 to 
0.98. Less reliable processes may require more downtime and 
hence lower SF values. The stream factor represents the fraction 
of time that the process unit is on-line and operating at design 
capacity. When estimating the size of equipment, care must be 
taken to use the design flowrate for a typical stream day and not 
a calendar day. Example 8.8 illustrates the use of the stream 
factor. 


Example 8.8 


1. Determine the yearly cost of toluene for the process given in 
Chapter 1. 
2. What is the yearly consumption of toluene? 


3. What is the yearly revenue from the sale of benzene? 


Solution 

Assume a stream factor of 0.95, and note that the 
flowrates given on the PFD are in kilograms per stream 
hour. 


From Table 1.5, flowrate of toluene = 10,000 kg/h 
(Stream 1) 


From Table 1.5, flowrate of benzene = 8210 kg/h 
(Stream 15) 


From Table 8.5, cost of toluene = $1.019/kg 


Table 8.5 Theoretical Steam Requirements 
(kg steam/kWh) 


Inlet Pressure of Steam (barg) (Superheat in °C) 


10.0 13.8 17.2 27.6 41.4 41.4 586 58.6 
(sat’d) (sad) 50 170 145 185 165 205 


Exhaust 
Pressure 


2" Hg abs 4.77 4.54 4.11 3.34 3.22 3.07 2.98 2.85 | 
4"Hgabs 5.33 5.04 4.54 3.62 3.47 3.30 3.20 3.05 | 


o barg 8.79 7.94 6.88 5.08 4.72 4.45 4.22 4.00 


| 

| 

| | 
| 0.69 barg 10.87 9.57 8.11 5.77 5.28 4.97 4.67 4.40 | 
| 2.07 barg 15.24 12.72 10.40 6.91 6.18 5.78 5.35 5.02 | 
| 3.45barg 20.86 16.32 12.79 7.97 6.97 6.49 5.93 5.54 | 
| 4.14 barg 24.45 18.32 14.11 8.50 7.34 6.83 6.20 5.78 | 


4.82barg 28.80 20.68 15.47 9.05 7.71 7.16 6.45 6.01 


From Perry, R. H., and D. W. Green, Perry’s Chemical Engineers’ 
Handbook, 6th ed., McGraw-Hill, New York, NY, 1984. Reprinted 
by permission of the McGraw-Hill Companies [11]. 


From Table 8.5, cost of benzene = $1.196/kg 
1. Yearly cost of toluene = (24)(365)(10,000)(1.019)(0.95) = 
$84,801,000/y 
2. Yearly consumption of toluene = (24)(365)(10,000)(0.95)/1000 = 
83,200 tonne/y 
3. Yearly revenue from benzene sales = (24)(365)(8210)(1.196)(0.95) 
= $81,715,000/y 
Comparing the results from Parts (a) and (c), it can be 
seen that with the current prices for these two chemicals 
it is not economical to produce benzene from toluene. 
Historically, the price differential between benzene and 
toluene has fluctuated greatly. According to Mellor (16), 
the “industry consensus” is that the price of toluene 
needs to be 1.25 times that of benzene in order for HDA 
production to be economically viable. According to this 
reference, the market situation in early 2017 in Europe 
has suggested that the HDA process might again be 
viable. This again goes to illustrate how the price 
fluctuations in related products can have a significant 
effect on the economic viability of one process over 
another. 


8.6 ESTIMATING UTILITY COSTS FROM 
THE PFD 


Most often, utilities do not directly contact process streams. 
Instead, they exchange heat energy (fuel gas, steam, cooling 
water, and boiler feed water) in equipment such as heat 
exchangers and process heaters, or they supply work (electric 
power or steam) to pumps, compressors, and other rotating 
equipment. In most cases, the flowrate can be found either by 
inspection or by doing a simple heat balance around the 
equipment. 


Steam can be used to drive a piece of rotating equipment 
such as a compressor. In this case, both the theoretical steam 
requirement and efficiency are required. Table 8.5 provides the 
theoretical steam requirements as a function of the steam inlet 
pressure and the exhaust pressure for steam turbine drives. The 
mechanical efficiencies of different drives are shown in Figure 
8.8, using data from Couper et al. [18]. 


Drive Efficiency, xq, (%) 
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z | | EEEN eee mm 
Electric Drive | 
80 + H — LIE | CDRA fae a E E E N jj Jil 1 
70 1x4, (96) =75+11.5log(W,)-1.5{log(W,)}? | 
| | | | 
60 + $ 4 ua s a td dd 4 4 $ +4 $ 
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Steam Turbine and 
40 | Gas Expander TI TUW] 
xa (96) =-18+36l0g(W,)-3{log (W )}? | 
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Internal Combustion 
Engine and Gas Turbine 
xa (%) = 10+1 1log(W)-{log(W)}? 
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Figure 8.8 Efficiencies for Pumps and Compressor Drives 
(Data from Couper et al. [18], Chapter 4) 


To illustrate the techniques used to estimate the utility 
flowrates and utility costs for various types of equipment, see 
Example 8.9. 


Example 8.9 


Estimate the quantities and yearly costs of the 


appropriate utilities for the following pieces of 
equipment on the toluene hydrodealkylation PFD (Figure 
1.5). It is assumed that the stream factor is 0.95 and that 
all the numbers on the PFD are on a stream time basis. 
The duty on all of the units can be found in Table 1.7. 


a Pw N m 


6. 


. E-101, Feed Preheater 

. E-102, Reactor Effluent Cooler 

. H-101, Heater 

. C-101, Recycle Gas Compressor, assuming electric drive 


. C-101, Recycle Gas Compressor, assuming steam drive using 10 


barg steam discharging to atmospheric pressure 
P-101, Toluene Feed Pump 


Solution 


1. 


E-101: Duty is 15.19 GJ/h. From Table 8.3, Cost of High-Pressure 
Steam = $5.66/GJ 


Energy Balance : Q = 15.19GJ/h = (steam) (AHvap) 
= (firsteam)(1698)kJ/kg 
Msteam = 8946 kg/h = 2. 485 kg/s 
Yearly Cost = (Q)(Csteam)(t) 
= (15.19GJ/h)($5.66/GJ)(24)(365)(0.95) = $715, 500/y 


2. E-102: Duty is 46.66 GJ/h. From Table 8.3, Cost of Cooling 
Water = $0.378/GJ 


Q = 46.66 GJ/h = (Thew)(Cprcw) (Drew) = (Trew) (4. 18) (10) 


= 41. 8ncw 
fnew = (46. 66) (109/41. 8) (103) = 1, 116, 270kg/h = 310kg 
/s 
Yearly Cost = (46.66 GJ/h) (24) (365) (0. 95) ($0. 378/GJ) 
= $146, 800/y 


3. H-101: Duty is 27 GJ/h (7510 kW). Assume that an indirect, 
nonreactive process heater has a thermal efficiency (čt) of 90%. 
From Table 8.3, natural gas costs $3.16/GJ, and the heating value 
is 0.0354 GJ/std. m°. 


Q = 27.04 GJ/h = (gas )(A Anaturalgas ) (efficiency) 
= (Wgas)(0.0354)(0.9) 
gas = 849 std m? /h(0. 236 std m?/s) 
Yearly Cost = (27.04) (3. 16) (24) (365) (0. 95) / (0. 90) 
= $789, 000/y 


4. C-101: Shaft power is 49.1 kW, and from Figure 8.8 the efficiency 
of an electric drive (čgr) is 90%. 


Electric Power = Pg, = Output power/&qg, = (49.1)/(0.90) = 54.6 
kW 


Yearly Cost = (54.6)(0.0674)(24)(365)(0.95) = $30,600/y 


5. Same as Part (d) with steam-driven compressor. For 10 barg 
steam with exhaust at o barg, Table 8.5 provides a steam 
requirement of 8.79 kg steam/kWh of power. The shaft efficiency 
is about 35% (extrapolating from Figure 8.8). 


Steam required by drive = (49.1)(8.79/0.35) = 1233 kg/h (0.34 
kg/s) 


Cost of Steam = (1233)(24)(365)(0.95)(5.56x10 ”) = $57,100/y 


6. P-101: Shaft power is 14.2 kW. From Figure 8.8 the efficiency of 
an electric drive is about 86%. 


Electric Power = 14.2/0.86 = 16.5 kW 
Yearly Cost = (16.5)(0.0674)(24)(365)(0.95) = $9250/y 


Note: The cost of using steam to power the compressor is 
much greater than the cost of electricity even though the 
cost per unit energy is much lower for the steam. The 
reasons for this are (1) the thermodynamic efficiency is 
low, and (2) the efficiency of the drive is low for a small 
compressor. Usually steam drives are used only for 
compressor duties greater than about 100 kW. 


8.7 COST OF TREATING LIQUID AND 
SOLID WASTE STREAMS 


As environmental regulations continue to tighten, the problems 
and costs associated with the treatment of waste chemical 
streams will increase. In recent years there has been a trend to 
try to reduce or eliminate the volume of these streams through 


waste minimization strategies. Such strategies involve utilizing 
alternative process technology or using additional recovery 
steps in order to reduce or eliminate waste streams. Although 
waste minimization will become increasingly important in the 
future, the need to treat waste streams will continue. Some 
typical costs associated with this treatment are given in Table 
8.3, and flowrates can be obtained from the PFD. It is worth 
noting that the costs associated with the disposal of solid waste 
streams, especially hazardous wastes, have grown immensely in 
the past few years, and the values given in Table 8.3 are only 
approximate average numbers. Escalation of these costs should 
be done with extreme caution. It should be noted that most of 
the wastewater streams generated from the chemical processes 
given in this text do not fall under the category of hazardous 
wastes but should be treated as wastewater streams using the 
appropriate costs in Table 8.2. 


8.8 EVALUATION OF COST OF 
MANUFACTURE FOR THE 
PRODUCTION OF BENZENE VIA THE 
HYDRODEALKYLATION OF TOLUENE 


The cost of manufacture for the production of benzene via the 
toluene HDA process is given in Example 8.10. 


Example 8.10 


Calculate the cost of manufacture without depreciation 
(COM ,) for the toluene hydrodealkylation process using 
the PFD in Figure 1.5 and the flow table given in Table 
1.5. Use the appropriate steam prices assuming that 
electricity is co-generated at the plant (i.e., with credit for 
power). 

A utility summary for all the equipment is given in 
Table E8.10, from which the total yearly utility costs for 
this process are found: 

Steam = $943,100/y 
Cooling Water = $175,000/y 
Fuel Gas = $789,400/y 
Electricity = $42,100/y 


Total Utilities = $1,949,600/y 


Table E8.10 Summary of Utility Requirements for the 
Equipment in the Toluene Hydrodealkylation 
Process 


Steam High Steam Med. SteamLow Cooling 


Electric Pressure Pressure Pressure Water Fuel Gas 
Equipment Power (kW) (kg/s) (kg/s) (kg/s) (m/s) (std. m/s) 
| E-101 — 2.485 — — — — 


| E-102 — — — — 0.31 — 


E-103 — — — 0.14 — — 


| 

| E-104 — — — — 0.055 — 

| E-105 — — — — 0.007 — 

| E-106 = = 1.26 = = = 

| H-101 — — — — — 0.235 

| C-101 54.5 — — = = = 

| P-101 16.5 E E _ E = 

| P-102 4.0 = = = = = 

| Totals 75.0 2.485 1.26 0.14 0.372 0.235 

| Unit cost of $0.0674/kWh $9.61/1000 $5.56/1000 $4.22/1000 15.7/1000 $0.1119/std. 
utility kg kg kg m’ m’ 
Total yearly 42,100 715,500 209,900 17,700 175,000 789,400 
cost $/y 


Data from Figure 1.5, Table 1.7, and Example 8.9. 


Raw Material Costs from the PFD, Table 8.4, and Example 
8.8 are 


Toluene = $84,801,000/y 


Hydrogen = $2,597,000/y (based on $3.16/GJ of energy 
content or $0.381/kg) 


Total Raw Materials = $87,398,000/y 


There are no waste streams shown on the PFD, so 

Waste Treatment = $0.0/y 

From Example 8.2 the cost of operating labor is 

Cor = (14)(66,910) = $937,000/y 

From Problem 7.21 (using CAPCOST), the fixed capital investment (Cg,) for the process is found to be $11.7 x 10°. 
FCI = $11.7 x 10° 

Finally, using Equation (8.2), the total manufacturing cost is estimated to be 

COM, = 0.180 FCI, + 2.73Co,;, + 1.23(Utilities + Raw Materials + Waste Treatment) COM, = (0.180)(11.7 x 106) + 
2.73(937,000) + 1.23(1,949,600 + 87,398,000 + 0) 

COM, = $114.6 x 10%/y 

8.9 SUMMARY 

In this chapter, the cost of manufacturing for a chemical process was shown to depend on the fixed capital investment, the cost 


of operating labor, the cost of utilities, the cost of waste treatment, and the cost of raw materials. In most cases, the cost of raw 
materials is the biggest cost. Methods to evaluate these different costs were discussed. Specifically, the amount of the raw 
materials and utilities can be obtained directly from the PFD. The cost of operating labor can be estimated from the number of 
pieces of equipment given on the PFD. Finally, the fixed capital investment can again be estimated from the PFD using the 
techniques given in Chapter 7. 

WHAT YOU SHOULD HAVE LEARNED 

The primary costs of manufacture for a chemical process are for raw materials, utilities, and waste treatment. 

Other costs of manufacture can be estimated based on the primary manufacturing costs. 

There are resources available to obtain chemical costs and procedures to permit estimation of utility costs. 
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SHORT ANSWER QUESTIONS 
1. In the general equation for determining the cost of manufacturing (COM,), Equation (8.2), one of the terms is 0.180FCT, 


where FCI is the fixed capital investment of the plant. “This term is included to cover the interest payment on the loan for the 
plant.” Is this statement true or false? Explain your answer. 

2. Why is the number of operators per shift multiplied by approximately 4.5 to obtain the total number of operators required to 
run the plant? 

3. What is a stream factor? 

4. When estimating the cost of manufacturing (COM,) for a chemical process, the overall COM, may be estimated using only 
five individual costs. List these five costs. 

5. Cooling water is priced on an energy basis: $/GJ. The temperature rise is usually assumed to be 10°C. Does the cooling water 
cost change if the return temperature changes? Are there any limitations to the return temperature? Explain. 

6. In Equation (8.2), the cost of raw materials, Crm, is multiplied by a factor of 1.23. The reason for this is that, in general, the 


estimated cost of raw materials is expected to be about 20% low and a correction factor of 1.23 is added to adjust for this. Do 
you agree with this explanation? If you do not, give another reason for using the factor of 1.23. 
7. In Equation (8.2), the cost of operating labor, Coz, is multiplied by a factor of 2.73. One reason for this is that the value of 


Coz includes only plant operators and not supervisory and clerical labor costs. Is this statement true or false? What other factors 
(if any) account for the multiplication factor of 2.73? 


8. Explain the difference between direct costs, fixed costs, and general expenses. Give two examples of each. 
PROBLEMS 
9. You are employed at a chemical company and have recently been transferred from a plant that manufactures synthetic dyes to 


a new facility that makes specialty additives for the polymer resin industry. 

You have been asked to estimate the cost of manufacturing at this new facility. Would you 

Use Equation (8.2) to estimate COM,? 

Use data from the old plant where you worked, because you are very familiar with all the aspects of manufacturing for that 
process? 

Dig up information on the new process and use these figures? 

When would you use a relationship such as Equation (8.2)? 

10. When a chemical plant needs steam at multiple pressure levels, it is often economical to generate all the steam at a high 
pressure and then to let the steam down through pressure-reducing turbines to the desired pressure. This principle is illustrated 
in Figure 8.6. The downside of this approach is that as the exhaust pressure of the turbine increases, the theoretical (and actual) 
steam requirements increase, meaning that less energy is extracted. To illustrate this point, do the following: 

Estimate the amount of energy extracted from 10,000 kg/h of 58.6 barg steam superheated by 165°C when connected to the 
following turbines (each 80% efficient): 

Exhaust pressure is 4" Hg absolute. 

Exhaust pressure is 4.82 barg. 

Estimate the amount of energy extracted from 10,000 kg/h of saturated, 10.0 barg steam when connected to a turbine (80% 
efficient) exhausting at 4.82 barg. 

Identify the locations of each of the three turbines described above on Figure 8.6. 


11. What are the operating costs associated with a typical cooling water system? Based on the example given in this chapter, 
answer the following: 

What percentage of the operating costs is the makeup water? 

By how much would the cost of cooling water increase if the cost of power (electricity) were to double? 

By how much would the cost of cooling water increase if the cost of makeup water were to double? 

12. Determine the cost of producing a refrigerant stream at —50°C using propane as the working fluid in a noncascaded system. 
You may wish to refer to Example 8.5 to do this problem. The steps you should follow are as follows: 

Determine the pressure at which propane can be condensed at 45°C, which assumes that cooling water with a 5°C temperature 
approach will be used as the condensing medium. 

Determine the pressure to which the propane must be throttled in order to liquefy it at -50°C. 

Use the results of Parts (a) and (b) to set the approximate pressure levels in the condenser and evaporator in the refrigeration 
system. 

Determine the amount of propane necessary to extract 1 GJ of heat in the evaporator. 

Assuming a 5 kPa pressure drop in both heat exchangers and that a single-stage compressor is used with an efficiency of 75%, 
determine the cost of electricity to run the compressor, determine the cooling water cost, and from this determine the cost of 
providing refrigeration at —50°C using propane as the working fluid. 

13. Repeat the process described in Problem 8.12 using a simple refrigeration loop to determine the cost of providing 1 GJ of 
refrigeration at —50°C using the following working fluids: 

Propylene 

Ethane 

Ammonia 

Determine whether any of the working fluids given above cannot be used in a simple (noncascaded) refrigeration loop. For these 
fluids, would using a cascaded refrigeration system to provide —50°C refrigerant make sense? Explain carefully your answers to 
these questions. 

14. Estimate the cost of operating labor (Coz), the cost of utilities (Cyr), and the cost of manufacturing (COM,) for the 
ethylbenzene process given in Project B.2 of Appendix B. You must do Problem 7.22 in order to estimate COM4. 

15. Estimate the cost of operating labor (Coz), the cost of utilities (Cyr), and the cost of manufacturing (COM,) for the styrene 
process given in Project B.3 of Appendix B. You must do Problem 7.23 in order to estimate COM4. 

16. Estimate the cost of operating labor (Coz), the cost of utilities (Cyr), and the cost of manufacturing (COM,) for the drying 
oil process given in Project B.4 of Appendix B. You must do Problem 7.24 in order to estimate COM4. 

17. Estimate the cost of operating labor (Coz), the cost of utilities (Cyr), and the cost of manufacturing (COM,) for the maleic 
anhydride process given in Project B.5 of Appendix B. You must do Problem 7.25 in order to estimate COM . 

18. Estimate the cost of operating labor (Coz), the cost of utilities (Cyr), and the cost of manufacturing (COM,) for the ethylene 
oxide process given in Project B.6 of Appendix B. You must do Problem 7.26 in order to estimate COM4. 

19. Estimate the cost of operating labor (Coz), the cost of utilities (Cyr), and the cost of manufacturing (COM,) for the formalin 
process given in Project B.7 of Appendix B. You must do Problem 7.27 in order to estimate COM4. 


Chapter 9: Engineering Economic 
Analysis 


WHAT YOU WILL LEARN 
That if money is invested, it grows 
That there are different types of interest 
How to do interest and investment calculations 


That there are different types of cash flow diagrams, which can be used 
to represent financial transactions 


How to represent financial transactions on a cash flow diagram 


How to include taxation 


What depreciation is, how to calculate it, and how to include it in 
financial calculations 


What inflation is, and how it is related to interest 


The goal of any manufacturing company is to make money. This 
is realized by producing products with a high market value from 
raw materials with a low market value. The companies in the 
chemical process industry produce high-value chemicals from 
low-value raw materials. 


In the previous chapters, a process flow diagram (PFD) 
(Chapter 1), an estimate of the capital cost (Chapter 7), and an 
estimate of operating costs (Chapter 8) were provided for the 
production of benzene. From this material, an economic 
evaluation can be carried out to determine 


1. Whether the process generates money 


2. Whether the process is attractive compared with other processes (such as 
those for the production of ethylbenzene, ethylene oxide, formalin, and so 
on, given in Appendix B) 


In the next two chapters, the necessary background to perform 
this economic analysis is provided. 


The principles of economic analysis are covered in this 
chapter. The material presented covers all of the major topics 
required for completion of the Fundamentals of Engineering 
(FE) examination. This is the first requirement for becoming a 
registered professional engineer in the United States. 

It is important for you, the graduating student, to 
understand the principles presented in this chapter at the 
beginning of your professional career in order to manage your 
money skillfully. As a result, discussions and examples of 
personal money management are integrated throughout the 
chapter. 

The evaluation of profitability and comparison of 
alternatives for proposed projects are covered in Chapter 10. 


9.1 INVESTMENTS AND THE TIME 
VALUE OF MONEY 


The ability to profit from investing money is the key to our 
economic system. In this text, investment in terms of personal 
financing is introduced and then applied to chemical process 
economics. 


There are various ways to distribute personal income. The 
first priority is to maintain a basic (no-frills) standard of living. 
This includes necessary food, clothing, housing, transportation, 
and expenses such as taxes imposed by the government. The 
remaining money, termed discretionary money, can then be 
distributed. It is wise to distribute this money in a manner that 
will realize both your short-term and long-term goals. 


Generally, there are two classifications for spending 
discretionary money: 

1. Consume money as received. This provides immediate personal 
gratification and/or satisfaction. Most people experience this use for 
money early in life. 

2. Retain money for future consumption. This is money put aside to meet 
future needs. These may result from hard-to-predict causes such as 
sickness and job layoffs or from a more predictable need for long-term 
retirement income. It is unlikely that you have considered these types of 
financial needs and you probably have little experience in investing to 
secure a comfortable lifestyle after you stop working. 


There are two approaches to setting money aside for use at a 
later date: 


e Simple savings: Put money in a safety deposit box, sugar bowl, or other 
such container. 


e Investments: Put money into an investment. 


These two approaches are considered in Example 9.1. 


Example 9.1 


Upon graduation, you start your first job at $80,000/y. 
You decide to set aside 10%, or $8000/y, for retirement 
in 40 years’ time, and you assume that you will live 20 
years after retiring. You have been offered an investment 
that will pay you $106,667/y during your retirement 
years for the money you invest. 

1. How much money would you have per year in retirement if you 

had saved the money, but not invested it, until retirement? 
2. How does this compare with the investment plan offered? 


3. How much money was produced from the investment? 


Solution 


1. Money saved: ($8000) (40) = $320,000 
Income during retirement: $320,000/20 = $16,000/y 

2. Comparison: (Income from savings)/(Income from 
investments) = $16,000/$106,667 = 0.15 

3. Money Produced = Money Received - Money Invested = 
($106,667)(20) — $320,000 = $1,813,340 


The value of the investment is clear. The income in retirement 
from savings amounts to only 15% of the investment income. 
The amount of money provided during retirement, by setting 
$320,000 aside, was almost $2 million. It will be shown later 
that this high return on investment resulted from two factors: 
the long time period for the investment and the interest rate 
earned on the savings. 


Money, when invested, makes money. 


The term investment will now be defined. 


An investment is an agreement between two parties, 
whereby one party, the investor, provides money, P, to a 
second party, the producer, with the expectation that the 
producer will return money, F, to the investor at some future 
specified date, where F > P. The terms used in describing the 
investment are 


P: Principal or Present Value 
F: Future Value 


n: Years between F and P 


The amount of money earned from the investment is 
E=F-—P (9.1) 
The yearly earnings rate is 


Dap 


ae Pn Pn 


(9.2) 
where i, is termed the simple interest rate. 


Equation (9.2) rearranges to 


F F 
— = (1+ ni, Jor, in general, po f(n, i) 


P 
(9.3) 


Example 9.2 illustrates this concept. 


Example 9.2 


You decide to put $1000 into a bank that offers a special 
rate if left in for two years. After two years you will be 
able to withdraw $1150. 


1. Who is the producer? 
2. Who is the investor? 
3. What are the values of P, F, is, and n? 


Solution 


1. Producer: The bank has to produce $150.00 in interest after two 
years. 

2. Investor: You invest $1000 in an account at the beginning of the 
two-year period. 

3. P = $1000 (given) 


F = $1150 (given) 


n = 2 years (given) 


From Equation (9.2), 


is = ($1150 — $1000)/($1000)/(2) = 0.075 or 7.5% per year 


In Example 9.2, you were the investor and invested in the bank. 
The bank was the “money producer” and had to return to you 
more dollars ($1150) than you invested ($1000). This bank 
transaction is an investment commonly termed as savings. In 
the reverse situation, termed loan, the bank becomes the 
investor. You must produce money during the time of the 
investment. 

Equations (9.1) through (9.3) apply to a single transaction 
between the investor and the producer that covers n years and 
uses simple interest. There are other investment schedules and 
interest formulations in practice; these will be covered later in 
this chapter. 

Figure 9.1 illustrates a possible arrangement to provide the 
funds necessary to build a new chemical plant such as the one 
introduced in the narrative in Chapter 1. 
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Figure 9.1 A Typical Financing Scheme for a Chemical Plant 


In this arrangement, a bank invests in a company, which in 
turn invests in a project to produce a chemical. There are two 
agreements in this project (see Figure 9.1). 


1. The bank is an investor and the company is the producer. 


2. The company is an investor and the project is the producer. 


In this illustration, all the money produced in the project is 
sent to the company. The company pays its investor, the bank, 
and draws off the rest as profit. The bank also makes a profit 
from its investment loan to the company. The project is the 
source of money to provide profits to both the company and the 
bank. The project converts a low-value, raw chemical into 
chemicals of higher value. Without the investor, the plant would 
not be built, and without the plant, there would be no profits for 
either the company or the bank. 


Money is a measure of the value of products and services. 


The value of a chemical material is the price it can be exchanged 
for in dollars. Investments may be made in units other than 
dollars, such as stocks, bonds, grain, oil, or gold. This is often 
called value, or value added, in describing investments. The 
term value is a general one and, in this case, may be assigned a 
dollar figure for economic calculations. 

Figure 9.1 shows that all profits were produced from an 
operating plant. The role of engineers in our economy should be 
clear. This is to ensure efficient production of high-value 
products, including current as well as new and improved 
products. 

In almost all cases, the economic analysis of processes will 
be made from the point of view of the company as the investor 
in a project. The project may be the construction of a new plant 
or a modification to an existing plant. 


Consider the decisions involved in the investment in a new 
plant (the project) from the point of view of the company. The 
company must invest the money to build the plant before any 
income resulting from production can begin. Once the plant has 
been built and is operational, it is expected to operate for many 
years. During this time, the plant produces a profit and the 
company receives income from its investment. It is necessary to 
be able to determine whether this future income is sufficiently 
attractive to make the investment worthwhile. 

The time value of money refers to a concept that is 
fundamental to evaluating an investment. This is illustrated in 
Example 9.3. 


Example 9.3 


You estimate that in two years’ time you will need $1150 
in order to replace the floor covering in your kitchen. 
Consider two choices: 


1. Wait two years to take action. 


2. Invest $1000 now (assume that interest is offered by the bank at 
the same rate as given in Example 9.1). 


What would you do (explain your answer)? 


Solution 


Consider investing the $1000 today because it will 
provide $1150 in two years. The key is that the dollar I 
have today is worth 15% more than a dollar I will have in 
two years’ time. 


From Example 9.3, it was concluded that today’s dollar is worth 
more than tomorrow’s dollar, because it can be invested to earn 
more dollars. This must not be confused with inflation, which 
erodes purchasing power and is discussed in Section 9.6. 


Money today is worth more than money in the future. 


In the upcoming sections, it will be found that when 
comparing capital investments made at different times, the 
timing of each investment must be considered. 


9.2 DIFFERENT TYPES OF INTEREST 


Two types of interest are used when calculating the future value 
of an investment. They are referred to as simple and compound 
interest. Simple interest calculations are rarely used today. 
Unless specifically noted, all interest calculations will be carried 
out using compound interest methods. 


9.2.1 Simple Interest 


In simple interest calculations, the amount of interest paid is 
based solely on the initial investment. 


Interest paid in any year = Pi, 
For an investment period of n years, the total interest paid 
= Pin 


Total value of investment in n years = F, = P + Pin 
F, = P(1+ ign) (9.4) 


If, instead of setting the earned interest aside, it were 
reinvested, the total amount of interest earned would be 
greater. When earned interest is reinvested, the interest is 
referred to as compound interest. 


9.2.2 Compound Interest 


It is possible to determine the future value of an investment, Fp, 
after n years at an interest rate of i per year for an initial 
investment of P when the interest earned is reinvested each 
year. 


1. At the start, there is the initial investment = P. 
2. In year 1, Pi in interest is earned. 
For year 2, P + Pi or P(1 + 1) is invested. 
3. In year 2, P(1 + i)i in interest is earned. 
For year 3, Pa + i)+ PQ + di, or PQ + iy is invested. 
4. Inyear 3, P(1 + D'i in interest is earned. 
For year 4, P(1 + i) + PG + i) i, or P(1 + i)’ is invested. 
5. By induction it is found that after n years the value of the investment is P(1 
+i)". 
Thus, for compound interest the following can be written: 
F, = P(1+i)" (9.5) 


The process can be reversed, and the question can be asked: 
how much would have to be invested now, P, in order to receive 
a certain sum, Fn, in n years’ time? The solution to this problem 
is found by rearranging Equation (9.5): 

Fn 


P= aay (9.6) 


The use of these equations is illustrated in Examples 9.4, 


9.5, and 9.6. The letters p.a. following the interest refers to per 
year (per annum). 


Example 9.4 


For an investment of $500 at an interest rate of 8% p.a. 
for four years, what would be the future value of this 
investment, assuming compound interest? 


Solution 
From Equation (9.5) for P = 500, i = 0.08, and n = 4 
F, = PG +i)" = 500(1 + 0.08)* = $680.24 


Note: Simple interest would have yielded F} = 500(4 + 
(4)(0.08)) = $660 ($20.24 less). 


Example 9.5 


How much investment would be needed in a savings 
account yielding 6% interest p.a. to have $5000 in five 
years’ time? 


Solution 
From Equation (9.6) using F; = $5000, i = 0.06, and 
n=5 
P = F,/(1+ i)" = 5000/(1.06)° = $3736.29 
If $3736.29 is invested into the savings account today, 
the accumulated value will be $5000 in five years’ time. 


Example 9.6 


When borrowing a sum of money (P), it is assumed that 
there are two loan alternatives. 
1. Borrow from my local bank, which will lend money at an interest 
rate of 7% p.a. and pay compound interest. 
2. Borrow from “Honest Sam,” who offers to lend money at 7.3% p.a. 
using simple interest. 

In both cases, the money is needed for three years. 
How much money would be needed in three years to pay 
off this loan? Consider each option separately. 

Bank: From Equation (9.5) for n = 3 andi = 0.07 

F, = (P)(1 + 0.07)? = 1.225P 

Sam: From Equation (9.4) for n = 3 and i = 7.3 

F, = (P)( + (3)(0.073)) = 1.219P 

Sam stated a higher interest rate, and yet it is still 
preferable to borrow the money from Sam because 
1.219P < 1.225P. This is because Sam used simple 
interest, and the bank used compound interest. 


9.2.3 Interest Rates Changing with Time 


If there is an investment over a period of years and the interest 


rate changes each year, then the appropriate calculation for 
compound interest is given by 


F= P|] (+i) =P +i) +i) (+i) 


(9.7) 


9.3 TIME BASIS FOR COMPOUND 
INTEREST CALCULATIONS 


In industrial practice, the length of time assumed when 
expressing interest rates is one year. However, sometimes terms 
such as 6% p.a. compounded monthly are used. In this case, the 
6% is referred to as a nominal annual interest rate, ihom, 
and the number of compounding periods per year is m (12 in 
this case). The nominal rate is not used directly in any 
calculations. The actual rate is the interest rate per 
compounding period, r. The relationship needed to evaluate r is 


inom 
= 9.8 
r= 2e (9.8) 


This is illustrated in Example 9.7. 


Example 9.7 


For the case of 12% p.a. compounded monthly, what are 
m, r, and inom? 
Solution 

Given: m = 12 (months in a year), inom = 12% = 0.12 
From Equation (9.8), 

r = 0.12/12 = 0.01 (or 1% per month) 


9.3.1 Effective Annual Interest Rate 


An effective annual interest rate, ig, can be used, which 
allows interest calculations to be made on an annual basis and 
gives the same result as using the actual compounding periods. 
From the value of an investment after one year, 


. m 
i 
F, = P(1 + ters) = P(1 + sem.) 
m 
which, upon rearrangement, gives 


De (1 ns “en. Si (9.9) 


Effective annual interest rate is illustrated in Example 9.8. 


Example 9.8 


What is the effective annual interest rate for a nominal 
rate of 8% p.a. when compounded monthly? 


Solution 
From Equation (9.9), for inom = 0.08 and m = 12, 


ief = (1 + 0.08/12)'* -1 = 0.083 (or 8.3% p.a.) 


The effective annual interest rate is greater than the nominal 
annual rate. This indicates that the effective interest rate will 
continue to increase as the number of compounding periods per 
year increases. For the limiting case, interest is compounded 
continuously. 


9.3.2 Continuously Compounded Interest 


For the case of continuously compounded interest, Equation 
(9.9) must be observed as m — œ: 


; ; inm A 
ieff = lim (1+ 4) =1] 


m—-> oo 


Rewriting the left-hand side as lim l (1 ae ‘en ) inom l 


m—> o0 


and noting that lim [1 -- =| =e 


n—> o0 


it is found that for continuous compounding, 
iefp = e"m —1 (9.10) 


Equation (9.10) represents the maximum effective annual 
interest rate for a given nominal rate. 


The method for calculating continuously compounded 
interest is illustrated in Example 9.9. 


Example 9.9 


What is the effective annual interest rate for an 
investment made at a nominal rate of 8% p.a. 
compounded continuously? 


Solution 
From Equation (9.10) for inom = 0.08 
. 0.08 
leff =e 


Note: It can be seen by comparison with Example 9.8 
that by compounding continuously little was gained over 
monthly compounding. 


—1=0.0833, or 8.33% p.a. 


In comparing alternatives, the effective annual rate, and not the 
nominal annual rate of interest, must be used. 


9.4 CASH FLOW DIAGRAMS 


To this point, only an investment made at a single point in time 
at a known interest rate has been considered, and it was shown 


how to evaluate the future value of this investment. More 
complicated transactions involve several investments and/or 
payments of differing amounts made at different times. For 
more complicated investment schemes, careful track must be 
kept of the amount and time of each transaction. An effective 
way to track these transactions is to utilize a cash flow 
diagram, or CFD. Such a diagram offers a visual 
representation of each investment. Figure 9.2 is the cash flow 
diagram for Example 9.10, which is used to introduce the basic 
elements of the discrete CFD. 
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Figure 9.2 An Example of a Representative Discrete Cash 
Flow Diagram (CFD) 


Figure 9.2 shows that cash transactions were made 
periodically. The values given represent payments made at the 
end of the year. Figure 9.2 shows that $1000, $1200, and $1500 
were received at the end of the first, second, and third year, 
respectively. In the fifth and seventh year, $2000 and $X were 
paid out. There were no transactions in the fourth and sixth 
years. 

Each cash flow is represented by a vertical line, with length 
proportional to the cash value of the transaction. The sign 
convention uses a downward-pointing arrow when cash flows 
outward and an upward-pointing arrow representing inward 
cash flows. When a company invests money in a project, the 
company CFD shows a negative cash flow (outward flow), and 
the project CFD shows a positive cash flow (inward flow). Lines 
are placed periodically in the horizontal direction to represent 
the time axis. Most frequently, an analysis is performed from 
the point of view of the investor. 

The cash flow diagram shown in Figure 9.2 can be presented 
in a simplified format, using the following simplifications: 

1. The y-axis is not shown. 


2. Units of monetary transactions are not given for every event. 


In addition to the discrete CFD described above, the same 
information can be shown in a cumulative CFD. This type of 
CFD presents the accumulated cash flow at the end of each 


period. 


9.4.1 Discrete Cash Flow Diagram 


The discrete CFD provides a clear, unambiguous pictorial 
record of the value, type, and timing of each transaction 
occurring during the life of a project. In order to avoid making 
mistakes and save time, it is recommended that prior to doing 
any calculations, a cash flow diagram be sketched. Examples 
9.10 and 9.11 illustrate the use of discrete cash flow diagrams. 


Example 9.10 


$1000, $1200, and $1500 is borrowed from a bank (at 
8% p.a. effective interest rate) at the end of years 1, 2, 
and 3, respectively. At the end of year 5, a payment of 
$2000 is made, and at the end of year 7, the loan in paid 
off in full. The CFD for this exchange from the borrower’s 
point of view (producer) is given in Figure E9.10(a). 


1500 


1200 
$1000 


7 Years 


X 
2000 


Figure E9.10a CFD for Example 9.10 from the 
Borrower’s Perspective 


Note: Figure E9.10(a) is the shorthand version of the 
one presented in Figure 9.2 used to introduce the CFD. 


Draw a discrete cash flow diagram for the investor. 


The bank represents the investor. From the investor’s 
point of view, the initial three transactions are negative 
and the last two are positive. 


Solution 


Figure E9.10(b) represents the CFD for the bank. It is the 
mirror image of the one given in the problem statement. 


2000 


7 Years 


$1000 
1200 


1500 


Figure E9.10b CFD for Example 9.10 from the Bank’s 
Perspective 


The value of X in Example 9.10 depends on the interest rate. Its 
value is a direct result of the time value of money. The effect of 
interest rate and the calculation of the value of X (in Example 
9.13) are determined in the next section. 


Example 9.11 


$10,000 is borrowed from a bank to buy a new car with 
36 equal monthly payments of $320 each to repay the 
loan. Draw the discrete CFD for the investor in this 
agreement. 


Solution 


The bank is the investor. The discrete CFD for this 
investment is shown in Figure E9.11. 


$320 320 320 320 320 320 


$10,000 


Figure E9.11 CFD for Car Loan Described in Example 
9.11 


Notes: 


1. There is a break in both the time scale and in the investment at 
time = 0 (the initial investment). 

2. From your point of view, the cash flow diagram would be the 
mirror image of the one shown. 


The cash flow diagram constructed in Example 9.11 is typical 
of those that will be encountered throughout this text. The 
investment (negative cash flow) is made early in the project 
during design and construction, before there is an opportunity 


for the plant to produce product and generate money to repay 
the investor. In Example 9.11, payback was made in a series of 
equal payments over three years to repay the initial investment 
by the bank. In Section 9.5, how to calculate the interest rate 
charged by the bank in this example will be explained. 


9.4.2 Cumulative Cash Flow Diagram 


As the name suggests, the cumulative CFD keeps a running total 
of the cash flows occurring in a project. To illustrate how to 
construct a cumulative CFD, consider Example 9.12, which 
illustrates the cash flows associated with the construction and 
operation of a new chemical plant. 


Example 9.12 


The yearly cash flows estimated for a project involving 
the construction and operation of a chemical plant 
producing a new product are provided in the discrete 
CFD in Figure E9.12a. Using this information, construct 
a cumulative CFD. 


Year 
3 45 6 F BS TO 2 


$50 


Units: $104 
90 


Figure E9.12a Discrete CFD for Chemical Plant 
Described in Example 9.12 


The numbers shown in Table Eg.12 were obtained 
from this diagram. 


Table E9.12 Summary of Discrete and 
Cumulative Cash Flows in Example 9.12 


Cash Flow ($) (from Cumulative Cash Flow 
Year Discrete CFD) (Calculated) 
o -500,000 -500,000 
1 -750,000 -1,250,000 
2 -900,000 -2,150,000 
3 300,000 -1,850,000 
4 400,000 -1,450,000 
5 400,000 -1,050,000 
6 400,000 -650,000 
7. 400,000 -250,000 
8 400,000 150,000 
9 400,000 550,000 


10 400,000 950,000 


400,000 1,350,000 


400,000 1,750,000 


Solution 


The cumulative cash flow diagram is plotted in Figure 
E9.12b. 
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Figure E9.12b Cumulative CFD for Chemical Plant 
Described in Example 9.12 


9.5 CALCULATIONS FROM CASH FLOW 
DIAGRAMS 


To compare investments that take place at different times, it is 
necessary to account for the time value of money. 


When cash flows occur at different times, each cash 


flow must be brought forward (or backward) to the 
same point in time and then compared. 


The point in time that is chosen is arbitrary. This is illustrated 
in Example 9.13. 


Example 9.13 


The CFD obtained from Example 9.10 (for the borrower) 
is repeated in Figure E9.13. The interest rate paid on the 
loan is 8% p.a. 


$1000 


2000 


Figure E9.13 CFD for Example 9.13 


In year 7, the remaining money owed on the loan is 
paid off. 


1. Determine the amount, X, of the final payment. 


2. Compare the value of X with the value that would be owed if there 
were no interest paid on the loan. 


Solution 


With the final payment at the end of year 7, no money is 
owed on the loan. If all the positive and negative cash 
flows adjusted for the time of the transactions are 
summed, this adjusted sum must equal zero. 


The date of the final payment is selected as the base 
time. 


1. From Equation (9.5) for i = 0.08 the following is obtained: 


For withdrawals: 


$1000 end of year 1: F¢ = ($1000)(1 + 0.08)° = $1586.87 

$1200 end of year 2: F; = ($1200)(1 + 0.08)? = $1763.19 

$1500 end of year 3: F, = ($1500)(1 + 0.08)" = $2040.73 
Total withdrawals = $5390.79 


For repayments: 

$2000 end of year 5: F, = —($2000)(1 + 0.08) = — $2332.80 
$X end of year 7: Fy = -($X)(1 + 0.08) = - $X 

Total repayments = — $(2332.80 + X) 


Summing the cash flows and solving for X yields 


0 = $5390.79 — $(2332.80 + X) 
X = $3057.99 = $3058 


2. Fori=0.00 


Withdrawals = $1000 + $1200 + $1500 = $3700 
Repayments = — $(2000 + X) 


o = $3700 — $(2000 + X) 
X = $1700 


Note: Because of the interest paid to the bank, the 
borrower repaid a total of $1358 ($3058 - $1700) more 
than was borrowed from the bank seven years earlier. 


To demonstrate that any point in time could be used as a 
basis, the amount repaid based on the end of year 1 can be 
calculated. Equation (9.6) is used, and all cash flows are moved 
backward in time (exponents become negative). This gives 

1200 1500 2000 X 


0 = 1000 + —— + —— - —— - — 
1.08 1.08? 1.08f 1.08° 


and solving for X yields 


1200 1500 2000 
X = (1.08) |1000 + —— + 
(ER 1.08 1.082? 1.084 


= $3058(the same answer as before!) 


Usually, the desire is to compute investments at the start or 
at the end of a project, but the conclusions drawn are 
independent of where that comparison is made. 


9.5.1 Annuities—A Uniform Series of Cash Transactions 


Problems are often encountered involving a series of uniform 
cash transactions, each of value A, taking place at the end of 
each year for n consecutive years. This pattern is called an 
annuity, and the discrete CFD for an annuity is shown in 
Figure 9.3. 


SA A A A A A 
0 1 2 3 4 n-1 n 


Figure 9.3 A Cash Flow Diagram for an Annuity Transaction 


To avoid the need to do a year-by-year analysis like the one 
in Example 9.13, an equation can be developed to provide the 
future value of an annuity. 

The future value of an annuity at the end of time period n is 
found by bringing each of the investments forward to time n, as 
was done in Example 9.13. 


PANED ASG) EAC ek A 


. . ` ` 7 2 
This equation is a geometric series of the form a, ar, ar^,..., 
ar” ~ * with sum S, = Fp. 


r” — 1 
S, =a [Z] 


For the present case, a = A; r = 1 + i; n = n. Therefore, 


— (9.11) 


m =a] 


It is important to notice that Equation (9.11) is correct when 
the annuity starts at the end of the first time period and not at 
time zero. In the next section, a shorthand notation is provided 
that will be useful in CFD calculations. 


9.5.2 Discount Factors 


The shorthand notation for the future value of an annuity starts 
with Equation (9.11). The term Fn is shortened by simply calling 
it F, and then dividing through by A yields 


FJA =|(1 +i)" — 1/i= fän) 


This ratio of F/A is a function of i and n—that is, f(i,n). It can 
be evaluated when both the interest rate, i, and the time 
duration, n, are known. The value of f(i,n) is referred to as a 
discount factor. If either A or F is known, the remaining 
unknown can be evaluated. 


In general terms, a discount factor is designated as 


Discount factor forX/Y = (X/Y,i,n) = f(i,n) 


Discount factors represent simple ratios and can be 


multiplied or divided by each other to give additional discount 
factors. For example, assume that the present worth, P, of an 
annuity, A, must be known—that is, the discount factor for P/A 
—but the needed equation is not available. The only available 
formula containing the annuity term, A, is the one for F/A 
derived above. The future value, F, can be eliminated, and the 
present value, P, introduced by multiplying by the ratio of P/F, 
from Equation 9.6. 


Discount factor forP/A = (P/A,i,n) 


= (F/A,i,n) (P/F, in) 


Substituting for F/A and P/F gives 


(1+i)”—1 1 
i (1+i)” 


P/A = 


= (1+i)"-1 1 = (P/A,i,n) 


1 i(1+i)” 


Table 9.1 lists the most frequently used discount factors in 


this text with their common names and corresponding 


formulae. 


Table 9.1 Commonly Used Factors for Cash Flow 
Diagram Calculations 


Pto F 


Fto P 


FtoA 


PtoA 


AtoF 


AtoP 


Conversion Symbol 


(F/P, i, 
n) 
(P/F, i 
n) 
(F/A, i, 
n) 


(A/F, i, 
n) 
(A/P, i, 
n) 
(P/A, i, 
n) 


Common Name 


Single Payment Compound 
Amount Factor 


Single Payment Present Worth 
Factor 


Uniform Series Compound 
Amount Factor, Future Worth 
of Annuity 


Sinking Fund Factor 


Capital Recovery Factor 


Uniform Series Present Worth 
Factor, Present Worth of 
Annuity 


Eq. 
No. 
(9.5) 


(9.6) 


(9.11) 


(9.12) 


(9.13) 


(9.14) 


Formula 


G+i" | 


rae ley 
(1+%)” 


(1+i)”—1 
i 


i(1+i)” 
(1+i)”—1 


a 
(eee 


(1+é)"-1 
i(1+i)” 


The key to performing any economic analysis is the ability to 
evaluate and compare equivalent investments. In order to 
understand that the equations presented in Table 9.1 provide a 
comparison of alternatives, it is suggested to replace the equal 
sign with the words “is equivalent to.” As an example, consider 
the equation given for the value of an annuity, A, needed to 
provide a specific future worth, F. From Table 9.1, Equation 
(9.11) can be expressed as 


F (Future value) is equivalent to { f(z, n) A(Annuity value) 


} 


where 
f(i,n) = (F/A,i,n) 


Example 9.14 illustrates a future value calculation. 


Example 9.14 


A lottery winner will receive $200,000/year for the next 
20 years. What is the equivalent present value of the 
winnings if there is a secure investment opportunity 
providing 7.5% p.a.? What rate of return would be 
needed for a present value of $2.5 million? 


Solution 


From Table 9.1, Equation (9.14), for n = 20 and i = 0.075, 


P = ($200, 000) [(1 + 0.075)” 
— 1]/[ (0.075) (1 + 0.075)?°] 
P = $2,038, 900 


A present value of $2,038,900 is equivalent to a 20-year 
annuity of $200,000/y when the effective interest rate is 
9.5%. 

To determine the interest rate needed for a present 
value of $2.5 million 


$2, 500, 000 = ($200, 000) [(1 + 4)”°—1]/[i(1 + 2)" 
i = 0.0495 


The present value is higher for a lower interest rate. This 
makes sense, since it is equivalent to being able to 
borrow more at a lower rate for the same periodic 
payment. 


Examples 9.15 through 9.17 illustrate how to use these 
discount factors and how to approach problems involving 
discrete CFDs. 


Example 9.15 


Consider Example 9.11, involving a car loan. The discrete 
CFD from the bank’s point of view was shown. 

What interest rate is the bank charging for this loan? 

The agreement is to make 36 monthly payments of 
$320. The time selected for evaluation is the time at 
which the final payment is made. At this time, the loan 
will be fully paid off. This means that the future value of 
the $10,000 borrowed is equivalent to a $320 annuity 
over 36 payments. 


($10, 000) (F/P, i,n) = ($320) (F/A,i,n) 


Substituting the equations for the discount factors 
given in Table 9.1, with n = 36 months, yields 


0 = — (10,000) (1 + ¿)° + (320) [(1 + 4)** — 1]/i 


This equation cannot be solved explicitly for i. It can be 
solved by plotting the value of the right-hand side of the 
equation shown above for various interest rates or by a 
numerical method. From Figure E9.15, the interest rate 
that gives a value of zero represents the answer. From 
Figure Eg.15 the rate of interest is i = 0.0079. 
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Figure E9.15 Determination of Interest Rate for 
Example 9.15 


The nominal annual interest rate is (12)(0.00786) = 
0.095 (9.5%). 


Example 9.16 


Money is invested in a savings account that pays a 
nominal interest rate of 6% p.a. compounded monthly. 
The account is opened with a deposit of $1000, and then 
deposits of $50 at the end of each month are made for a 
period of two years, followed by a monthly deposit of 
$100 for the following three years. What will the value of 
the savings account be at the end of the five-year period? 


Solution 


First, a discrete CFD is drawn (Figure E9.16). Although 
this CFD looks rather complicated, it can be broken down 
into three easy subproblems: 


1. The initial investment 
2. The 24 monthly investments of $50 
3. The 36 monthly investments of $100 


$1000 


«— $100 —— 


= $50 —= 


123 4 24 26 59 
27 60 


Figure E9.16 Cash Flow Diagram for Example 9.16 


Each of these investments is brought forward to the end 
of month 60. 
F = ($1000) (F/P, 0.005, 60) 
+ ($50) (F/A, 0.005, 24) (F/P, 0.005, 36) 
+ ($100) (F/A, 0.005, 36) 


Note: The effective monthly interest rate is 0.06/12 = 
0.005. 


F = ($1000) (1.005) 


(1.0054 — 1) 
50) ———___—~ (1.005 
Teen) 0.005 ( ) 
(1.005%° — 1) 
100) ———___—_ = $6804.16 
PERDO 0.005 ? 


There are many ways to solve most complex 
problems. No one method is more or less correct than 
another. For example, the discrete CFD could be 
considered to be made up of a single investment of 
$1000 at the start, a $50 monthly annuity for the next 60 
months, and another $50 annuity for the last 36 months. 
Evaluating the future worth of the investment gives 


F = ($1000) (F/P, 0.005, 60) 
+ ($50) (F/A, 0.005,60) + ($50) (F/A, 0.005, 36) 


F = ($1000) (1.005)® + ($50) °° 
(1.005°°—1) 
+ ($50) —j355— = $6804.16 


This is the same result as before. 


Example 9.17 


In Example 9.1, an investment plan for retirement was 
introduced. It involved investing $8000/year for 40 
years leading to retirement. The plan then provided 
$106,667/year for 20 years of retirement income. 


1. What yearly interest rate was used in this evaluation? 
2. How much money was invested in the retirement plan before 
withdrawals began? 


Solution 


1. The evaluation is performed in two steps. 


Step 1: Find the value of the $8000 annuity investment at the 
end of the 40 years. 


Step 2: Evaluate the interest rate of an annuity that will pay out 
this amount in 20 years at $106,667/y. 


Step 1: From Equation (9.11), Table 9.1, for A = $5000 and n = 
40, 


Fo = (A) (F/A,n, i) = ($8000) [(1 +i) — 1]/i 


Step 2: From Equation (9.14), Table 9.1, for A = $106,667 and n 
= 20, 


P = (A) (P/A, n, i) = ($106, 667) [(1 + i” — 1] 
IKO (1 +4)”] 
Set F,. = P and solve for i. From Figure E9.17, i = 0.060. 
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Figure E9.17 Determination of Interest Rate for 
Example 9.17 


2. With i = 0.060, from Figure E9.17, F4o = $1,227,000. 
Note: The interest rate of 6.0% p.a. represents a relatively low 
interest rate, involving small risk. 


9.6 INFLATION 


As a result of inflation, a dollar set aside (not invested) will 
purchase fewer goods and services in the future than the same 
dollar would today. In Chapters 7 and 8, it was seen that 
inflation of equipment, labor, and fuel costs could be tracked by 
the use of cost indexes. It is sometimes desirable to express 
these trends in terms of rates of inflation (f). This can be done 
using the cost indexes as follows: 


CEPCI (j+n) = (1+ f)"CEPCI(j) 
(9.15) 


where n = time span in years 


f = average inflation rate over the time span 
j = arbitrary year 


The use of Equation (9.15) to estimate the inflation rate is 
illustrated in Example 9.18. 


Example 9.18 


What was the average rate of inflation for the costs 
associated with building a chemical plant over the 
following periods? 


1. 2001 through 2007 
2. 2007 through 2015 


Solution 


From Table 7.4, the values of the Chemical Engineering 
Plant Cost Index (CEPCI) are 


CEPCTI (2001) = 394 
CEPCI (2007) = 500 
CEPCI (2015) = 557 


Equation (9.15) yields 


1. 500 = 394 0 +f)" 
f= 0.049 (4.9% p.a.) 

2. 557=500(0 +f° 
f= 0.018 (1.8% p.a.) 


To understand inflation, it is necessary to distinguish 
between cash and the purchasing power (for the purchase of 
goods and services) of cash. Inflation decreases this purchasing 
power with time. All the previous discussions on A, P, and F are 
given in terms of cash and not in terms of the relative 
purchasing power of this cash. The term F’ is introduced, which 
represents the purchasing power of future cash. This purchasing 
power can be estimated using Equation (9.16): 

A F 


Substituting the equation for F in terms of P, from Equation 
(9.5), gives 


roa ERO aT 
£ Rrra 
(9.17) 


Equation (9.17) is now written in terms of an effective 
interest rate, 7’, which includes the effect of inflation: 


F'=P(1+i7')”" (9.18) 


By comparing Equation (9.18) with Equation (9.17), it is 
seen that 7’ is given by 


» 1+i | i-f 
rer ee eer, (9.19) 


For small values of f < 0.05, Equation (9.19) can be 
approximated by 


ix(i—f) (9.20) 


Example 9.19 demonstrates the incorporation of inflation 
into a calculation. 


Example 9.19 


In this example, consider the effect of inflation on the 
purchasing power of the money set aside for retirement 
in Example 9.17. Previously, the amount of cash available 
at the time of retirement in 40 years was calculated to be 
$1,227,000. This provided an income of $106,667 for 20 
years. 


1. Assuming an annual inflation rate of 2%, what is the purchasing 
power of the cash available at retirement? 

2. What is the purchasing power of the retirement income in the first 
and twentieth years of retirement? 


3. How does Part (a) compare with the total annuity payments of 
$8000/y for 40 years? 


Solution 
1. Using Equation (9.16) for f= 0.02, n = 40, and F = $1,227,000, 
F' = $1,227,000/(1 + 0.02)"° = $555,700 


2. At the end of the forty-first year (first year of retirement), 
Purchasing Power = $106,667/(1 + 0.02)" = $47,361/y 
At the end of the sixtieth year (twentieth year of retirement), 
Purchasing Power = $106,667/(1 + 0.02)°° = $32,510/y 

3. Amount invested = ($8000/y) (40 y) = $320,000, compared with 
$555,700 


Example 9.19 reveals the consequences of inflation. It 
showed that the actual income received in retirement of 
$106,667/y had a purchasing power equivalent to between 
$32,510 and $47,361 at the time the initial investment was 
made. This does not come close to the $80,000/y base salary at 
that time. To increase this value, one or more of the following 
would have to be increased: 


1. The amount invested 
2. The interest rate for the investment 


3. The time over which the investment was made 


The effects of inflation should not be overlooked in any 
decisions involving investments. Because inflation is influenced 
by politics, future world events, and so on, it is hard to predict. 
In this book, inflation will not be considered directly, and cash 
flows will be considered to be in uninflated dollars. 


9.7 DEPRECIATION OF CAPITAL 
INVESTMENT 


When a company builds and operates a chemical process plant, 
the physical plant (equipment and buildings) associated with 
the process has a finite life. The value or worth of this physical 
plant decreases with time. Some of the equipment wears out 
and has to be replaced during the life of the plant. Even if the 
equipment is seldom used and is well maintained, it becomes 
obsolete and of little value. When the plant is closed, the plant 
equipment can be salvaged and sold for only a fraction of the 
original cost. 


The cash flows associated with the purchase and installation 
of equipment are expenses that occur before the plant is 
operational. This results in a negative cash flow on a discrete 
CFD. When the plant is closed, equipment is salvaged, and this 
results in a positive cash flow at that time. The difference 
between these costs represents capital depreciation. 

For tax purposes, the government does not allow companies 
to charge the full costs of the plant as a one-time expense when 
the plant is built. Instead, it allows only a fraction of the capital 
depreciation to be charged as an operating expense each year 
until the total capital depreciation has been charged. 


The amount and rate at which equipment may be 
depreciated are set by the federal government (Internal 
Revenue Service of the U.S. Treasury Department). The 
regulations that cover the capital depreciation change often. 
Both the current method of depreciation suggested by the IRS 
and several of the techniques that have been used in the past to 
depreciate capital investment are presented. Example 9.20 
illustrates the need for depreciation of capital. 


Example 9.20 


Consider a person who owns a business with the 
following annual revenue and expenses: 


Revenue from sales $ 356,000 
Rent ($ 22,000) 
Employee salaries ($ 100,000) 
Employee benefits ($ 32,000) 
Utilities ($ 7000) 
Miscellaneous expenses ($ 5000) 
Overhead expenses ($ 40,000) 
Before-tax profit $ 150,000 


The owner of the business decides that, in order to 
improve the manufacturing operation, a new packing and 
labeling machine must be bought for $100,000, which 
has a useful operating life of four years and can be sold 
for $2000 scrap value at that time. This is estimated to 


increase sales by 5% per year. The only additional cost is 
an extra $1000/y in utilities. The new, before-tax profit 
is estimated to be 


Before-Tax Profit = $150,000 + 17,800 — 1000 = 
$166,800/y, or an increase of $16,800/y 


Using a before-tax basis, it can be seen that the 
$100,000 investment yields $16,800/y. The alternative 
to buying the new machine is to invest money in a 
mutual fund that yields 10% p.a., before tax. At face 
value, the investment in the new machine looks like a 
winner. However, a close look at the cash flows for each 
case is suggested (Table E9.20). 


Table E9.20 Cash Flows for Both Investment 


Opportunities 
Cash Flow for Investment Cash Flow for Investment in 
in Machine (All $ Figures Mutual Fund (All $ Figures 
Year in 1000) in 1000) 
o -100 -100 | 
1 16.8 10 | 
2 16.8 11 | 
3 16.8 12.1 | 
4 16.8 + 2.0 13.31 + 100 | 
Total -30.8 46.41 


Although the yearly return for buying the machine 
looks much better than that for the investment in the 
mutual fund, the big difference is that at the end of the 
fourth year the owner can recover the initial investment 
from the mutual fund, but the machine is worth only 
$2000. From this example, it can be seen that the 
$100,000 - $2000 = $98,000 investment in the machine 
is really a long-term expense, and the owner should be 
able to deduct it as a legitimate operating expense. 
Depreciation is the method that the government allows 
for businesses to obtain operating expense credits for 
capital investments. 


9.7.1 Fixed Capital, Working Capital, and Land 


When the depreciation of capital investment is discussed, care 
must be taken to distinguish between what can and cannot be 
depreciated. In general, the total capital investment in a 
chemical process is made up of two components: 


Total Capital Investment = Fixed Capital + Working Capital 
(9.21) 


Fixed capital is all the costs associated with building the 
plant and was covered in Chapter 7 (either total module cost or 
grassroots cost). The only part of the fixed capital investment 


that cannot be depreciated is the land, which usually represents 
only a small fraction of the total. 

Working capital is the amount of capital required to start 
up the plant and finance the first few months of operation 
before revenues from the process start. Typically, this money is 
used to cover salaries, raw material inventories, and any 
contingencies. The working capital will be recovered at the end 
of the project and represents a float of money to get the project 
started. This concept is similar to that of paying the first and 
last month’s rent on an apartment. The last month’s rent is fully 
recoverable at the end of the lease but must be paid at the 
beginning. Because the working capital is fully recoverable, it 
cannot be depreciated. There are different methods for 
estimating working capital. One might be a fraction (15%-20%) 
of the fixed capital investment. Another might be four to six 
months of raw materials and utility costs. 


9.7.2 Different Types of Depreciation 


First the terms that are used to evaluate depreciation are 
introduced and defined. 


Fixed Capital Investment, FCI,: This represents the 
fixed capital investment to build the plant minus the cost of 
land and represents the depreciable capital investment. 


Salvage Value, S: This represents the fixed capital 
investment of the plant, minus the value of the land, 
evaluated at the end of the plant life. Usually, the 
equipment salvage (scrap) value represents a small fraction 
of the initial fixed capital investment. Often the salvage 
value of the equipment is assumed to be zero. 

Life of the Equipment, n: This is specified by the U.S. 
Internal Revenue Service (IRS). It does not reflect the 
actual working life of the equipment but rather the time 
allowed by the IRS for equipment depreciation. Chemical 
process equipment currently has a depreciation class life of 
9.5 years [1]. 

Total Capital for Depreciation: The total amount of 
depreciation allowed is the difference between the fixed 
capital investment and the salvage value. 


D = FCI, —S 


Yearly Depreciation: The amount of depreciation varies 
from year to year. The amount allowed in the kth year is 
denoted dx. 

Book Value: This is the amount of the depreciable capital 
that has not yet been depreciated. 


k 
BV, = FCI, — Sod; 
1 


A discussion of three representative depreciation methods 
that have been widely used to determine the depreciation 


allowed each year is provided. Currently, only the straight-line 
and double declining balance methods are approved by the IRS, 
though the actual depreciation schedules suggested by the IRS 
are a combination of these two methods. The sum-of-the-years- 
digits method has been used previously and is included here for 
completeness. 


Straight-Line Depreciation Method, SL: An equal 
amount of depreciation is charged each year over the 
depreciation period allowed. This is shown as 


[FCI; — $] 


SL = 
k n 


(9.22) 


Sum of the Years Digits Depreciation Method, 
SOYD: The formula for calculating the depreciation 
allowance is as follows: 


[n+ 1 -— k]||FCI; — S] 
sint 1] 
(9.23) 


SOYD _ 
d? = 


The method gets its name from the denominator of 
Equation (9.23), which is equal to the sum of the number of 
years over which the depreciation is allowed: 


14+2+3...+n=(n)(n+1)/2 


For example, if n = 7, then the denominator equals 28. 
Double Declining Balance Depreciation Method, 
DDB: The formula for calculating the depreciation 
allowance is as follows: 


2 
DDB _ 
k =n 


j=k-1 
FCL- So ‘| 


j=0 
(9.24) 


In the declining balance method, the amount of 
depreciation each year is a constant fraction of the book 
value, BV; _ ,. The word double in DDB refers to the factor 2 
in Equation (9.24). Values other than 2 are sometimes 
used; for example, for the 150% declining balance method, 
1.5 is substituted for the 2 in Equation (9.24). 

In this method, the salvage value does not enter into the 
calculations. It is not possible, however, to depreciate more 
than the value of D. To avoid this problem, the final year’s 
depreciation is reduced to obtain this limiting value. 


Example 9.21 illustrates the use of each of the above 
formulas to calculate the yearly depreciation allowances. 


Example 9.21 


The fixed capital investment (excluding the cost of land) 
of a new project is estimated to be $150.0 million, and 


the salvage value of the plant is $10.0 million. Assuming 
a seven-year equipment life, estimate the yearly 
depreciation allowances using the following: 


1. The straight-line method 
2. The sum of the years digits method 
3. The double declining balance method 


Solution 
It is given that FCI; = $150 x 10°, S = $10.0 x 10°, 
and n = 7 years. 
Sample calculations for year 2 give the following: 
For straight-line depreciation, using Equation (9.22), 


dz = ($150 x 10° — $10 x 10°) /7 = $20 x 10° 


For SOYD depreciation, using Equation (9.23), 

do = (7 + 1 — 2)($150 x 10° — $10 x 10°)/28 = $30 x 
106 

For double declining balance depreciation, using 
Equation (9.24), 

də = (2/7)($150 x i0° = $42.86 x 10°) = $30.6 x 10° 

Asummary of all the calculations is given in Table 
Eg.21 and presented graphically in Figure Eg.21. 


Table E9.21 Calculations and Results for 
Example 9.21: The Depreciation of Capital 
Investment for a New Chemical Plant (All 
Values in $10’) 


Book Value 
Year FCI, 
(k) any as apes = Saves 
o @5-0)=15 | 
(15-1) (7+1—1)(15—1) (2) (15) A 
e a 
= 35 = 10.71 
2 (15-1) ae (2) (10.71) — 306 (10.71 — 
= f -3 a í 3.06) = 7.65 
3 05-) (1315-1) (D65) ajg (7.65 - 2.19) 
7 28* 7 EPG 
= 7 = 2.5 
4 (5-0 (415-1) (2)(5.46) _ 1.56 (5-46 - 1-56) 
7 28* T = 3.90 
=2 = 2.0 
5 (15-1) (7+1—5)(15—1) — (2) (3.90) — 1.11 (90-111) 
T 28* i = 2.79 
— 2, = 11,55) 
6 (15-1) masa De) _ peg C79- 
_ i -1 a 7 0.80) = 1.99 
7 ~~ (45-1) aed 1.99 — 1.0 = 0.99% (1.99 - 
7 = = 0.99) = 1.00 
Total 14.0 14.0 14.0 1.0 = 
Salvage 
Value 


*Sum of digits: [n + 1]n/2 =[7 + 1] 7/2 = 28 


The depreciation allowance in the final year of the double 
declining balance method is adjusted to give a final book value 
equal to the salvage value. 


Double Declining Balance 


Sum of the Years Digits 


Straight-Line 
Bez 


Yearly Depreciation Allowance ($107) 


Year after Start-up of Plant 
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12 4 


Double Declining Balance 


Straight-Line 


Cumulative Depreciation ($107) 
[ee] 
L 


Sum of the Years Digits 
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Year after Start-up of Plant 


Figure E9.21 Yearly Depreciation Allowances and 
Cumulative Depreciation Amounts for Example 9.21 


From Figure Eg.21 it is seen as follows: 
1. The depreciation values obtained from the sum of the years digits are 


similar to those obtained from the double declining balance method. 


2. The double declining balance method has the largest depreciation in the 
early years. 


3. The straight-line method represents the slowest depreciation in the early 
years. 


The SOYD and the DDB methods are examples of 
accelerated depreciation schemes (relative to the straight line). 


It is shown in Section 9.8 that accelerated depreciation has 
significant economic advantages over the straight-line method. 


Capital investment can be depreciated only in 


accordance with current tax regulations. 


9.7.3 Current Depreciation Method (2017): Modified Accelerated 
Cost Recovery System (MACRS) 


The current federal tax law is based on MACRS, using a half- 


year convention. All equipment is assigned a class life, which is 
the period over which the depreciable portion of the investment 
may be discounted. Most equipment in a chemical plant has a 
class life of 9.5 years [1] with no salvage value. This means that 
the capital investment may be depreciated using a straight-line 
method over 9.5 years. Alternatively, a MACRS method over a 
shorter period of time may be used, which is five years for this 
class life. In general, it is better to depreciate an investment as 
soon as possible. This is because the more the depreciation is in 
a given year, the less taxes paid. As shown earlier in this 
chapter, “money now is worth more than the same amount in 
the future”; therefore, it is better to pay less in taxes at the 
beginning of a project than at the end. 


The MACRS method uses a double declining balance method 
and switches to a straight-line method when the straight-line 
method yields a greater depreciation allowance for that year. 
The straight-line method is applied to the remaining 
depreciable capital over the remaining time allowed for 
depreciation. The half-year convention assumes that the 
equipment is bought midway through the first year for which 
depreciation is allowed. In the first year, the depreciation is only 
half of that for a full year. Likewise in the sixth (and last) year, 
the depreciation is again for one-half year. The depreciation 
schedule for equipment with a 9.5-year class life and 5-year 
recovery period, using the MACRS method, is shown in Table 
9.2. 


Table 9.2 Depreciation Schedule for MACRS Method 
for Equipment with a 9.5-Year Class Life and a 5-Year 
Recovery Period [1] 


| Year Depreciation Allowance (% of Capital Investment) | 

| 1 20.00 | 

| 2 32.00 | 

| 3 19.20 | 

| 4 11.52 | 

| 5 11.52 | 
6 5.76 


Example 9.22 illustrates the method by which the MACRS 
depreciation allowances in Table 9.2 are obtained. 


Example 9.22 


Show how Table 9.2 is obtained. 

Solution 

The basic approach is to use the double declining balance 
(DDB) method and compare the result with the straight- 
line (SL) method for the remaining depreciable capital 
over the remaining period of time. The MACRS method 
requires depreciation of the total FCT, without regard for 


the salvage value. Calculations are given below, using a 
basis of $100: 


kt 
For DDB, a-d 0 Sap 


=] 
For SL, dst= undepreciated capital 
d remaining time for depreciation 
gp year convention d;* time remaining 
0.4(100)(0.5) = 20 
0.4(100 — 20) = 32 100 — 20)/4.5= 17.78 


( 
0.4(100 — 52) = 19.2 (100 — 52)/3.5= 13.71 
0.4(100 — 71.2) = 11.52 —_> (100 — 71.2)/2.5=11.52 
0.4(100 — 82.72) = 6.91 (100 — 82.72)/1.5 = 11.52 
Ya year convention ——> (0.5)(100—94.24)/0.5 = 5.76 


DAunkwnre w 


9.8 TAXATION, CASH FLOW, AND PROFIT 


Taxation has a direct impact on the profits realized from 
building and operating a plant. Tax regulations are complex, 
and companies have tax accountants and attorneys to ensure 
compliance and to maximize the benefit from these laws. When 
individual projects are considered or similar projects are 
compared, accounting for the effect of taxes is required. 
Taxation rates for companies and the laws governing taxation 
change frequently. The current tax rate schedule (as of 2016) is 
given in Table 9.3. 


Table 9.3 Federal Tax Rate Schedule for Corporations 
[2] 


Range of Net Taxable 


Income Taxation Rate 

> $0 and < $50,000 15% 

> $50,000 and < $75,000 $7500 + 25% of amount over $50,000 
> $75,000 and < $100,000 $13,750 + 34% of amount over $75,000 


> $100,000 and < $335,000 $22,250 + 39% of amount over | 


$100,000 
million $335,000 
> $10 million and < $15 $3,4000,000 + 35% of amount over 
million $10 million 


> $15 million and < $18.333 $5,150,000 + 38% of amount over $15 
million million 


> $18.333 million 35% 


For most large corporations, the basic federal taxation rate is 
35%. In addition, corporations must also pay state, city, and 
other local taxes. The overall taxation rate is often in the range 
of 40% to 50%. The taxation rate used in the problems at the 
back of this chapter will vary and may be as low as 30%. For the 
economic analysis of a proposed (current) process, clearly it is 
important to use the correct taxation rate, which will, in turn, 
depend on the location of the proposed process. 


| > $335,000 and < $10 $113,900 + 34% of amount over 


Table 9.4 provides the definition of important terms and 
equations used to evaluate the cash flow and the profits 


produced from a project. 


Table 9.4 Evaluation of Cash Flows* and Profits* in 


Terms of Revenue (R), Cost of Manufacturing (COM), 


Depreciation (d), and Tax Rate (t) 


| Description Formula 
Expenses = Manufacturing Costs = COMa + d 
+ Depreciation 
Income Tax = (Revenue - Expenses) = (R - COM4 - 
(Tax Rate) d)(t) 
After-Tax = Revenue - Expenses- =(R-COMg- 
Income Tax da -t 
| (Net) Profit 
After-Tax = Net Profit + = (R - COMg - 
Depreciation d(a-th+d 
| Cash Flow 
| Variables: 
| t Tax Rate 
COMa Cost of Manufacture 
Excluding 
| Depreciation 
d Depreciation: Depends 
upon Method 
| Used 
R Revenue from Sales 


Equation 


(9.25) 


(9.26) 


(9.27) 


(9.28) 


Constant 


(8.2) 


(9.22) 


(9.23) 
(9.24) 


*To obtain before-tax values, set the tax rate (t) to zero. 


The equations from Table 9.4 are used in Example 9.23. 


Example 9.23 


For the project given in Example 9.21, the manufacturing 
costs, excluding depreciation, are $30 million/y, and the 


revenues from sales are $75 million/y. Given the 


depreciation values calculated in Example 9.21, calculate 
the following for a 10-year period after start-up of the 


plant: 


1. The after-tax profit (net profit) 


2. The after-tax cash flow, assuming a taxation rate of 30% 


Solution 


From Equations (9.27) and (9.28) (all numbers are 


in $10°), 


After-tax profit = (75 - 30 - d)(1- 0.3) = 31.5 - 


(0.7)(d) 


After-tax cash flow = (75 - 30 - d;)(1 - 0.3) + dk = 


31.5 + (0.3)(dx) 


A sample calculation for year 1 (k = 1) is provided: 
From Example 9.21, a = 20, oo = 35, and 


d? DB L 42.9. 
SL SOYD DDB 
Profit after Tax 17.5 7.0 1.47 
Cash Flow after Tax 37.5 42.0 44.37 


The calculations for years 1 through 10 are plotted in 
Figure Eg.23. From this plot, it can be seen that the cash 
flow at the start of the project is greatest for the DDB 
method and lowest for the SL method. 
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Figure E9.23 Comparison of the After-Tax Profit and 
Cash Flow Using Different Depreciation Schedules 
from Example 9.23 


The sum of the profits and cash flows over the 10-year 
period are $217 million and $357 million, respectively. 
These totals are the same for each of the depreciation 
schedules used. The difference between the cash flows 
and the profits is seen to be the depreciation ($357 — 217 
= $140 million). 


Example 9.23 demonstrated how different depreciation 
schedules affect the after-tax cash flow. The accelerated 
schedules for depreciation provided the greatest cash flows in 
the early years. Because money earned in early years has a 
greater value than money earned in later years, the accelerated 
schedule of depreciation is the most desirable alternative. 


9.9 SUMMARY 


In this chapter, the basics of economic analysis required to 


evaluate project profitability were covered. The material 
presented in this chapter is founded on the principle that 


Money + Time = More Money 


To benefit from this principle, it is necessary to have 
resources to make an investment and the time to allow the 
investment to grow. When this principle is applied to chemical 
processes, the revenue or additional money is generated when 
low-value materials and services are converted into high-value 
materials and services. 


A central concept identified as the time value of money 
grows out of this principle. This principle is applied to a wide 
range of applications, from personal financial management to 
the analysis of new chemical plants. 

The use of cash flow diagrams to visualize the timing of cash 
flows and to manage cash flows during a project was illustrated. 
A shorthand notation for the many discount factors involved in 
economic calculations (factors that account for the time value of 
money) were introduced to simplify cash flow calculations. 
Other items necessary for a comprehensive economic evaluation 
of a chemical plant were covered and included depreciation, 
taxation, and the evaluation of profit and cash flow. 

Applications involving these principles and concepts directly 
relating to chemical plants will be pursued in Chapter 10. 


WHAT YOU SHOULD HAVE LEARNED 
That money today is worth more than money tomorrow 
Simple versus compound interest 


How to calculate the time value of money involving present value, 


future value, and annuity 


How to represent calculations of the time value of money on a cash flow 
diagram 


How to include taxation and depreciation 


The significance and impact of inflation 
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SHORT ANSWER QUESTIONS 


1. What is the difference between simple and compound 
interest? Provide an example. 


2. What is the difference between the nominal annual interest 


rate and the effective annual interest rate? When are these 
two rates equal? 


3. You work in the summer and receive three large, equal 
monthly paychecks in June, July, and August. You are living 
at home, so there are no living expenses. You use this money 
to pay your tuition for the next academic year in September 
and in January. You also use this money to pay monthly 
living expenses during the academic year, which are 
assumed to be cash flows once per month from September 
through May. Illustrate these cash flows on a cash flow 
diagram. 


4. Define the term annuity. 


5. The value of the Chemical Engineering Plant Cost Index 
(CEPCI) at the beginning of 2016 is 557. If at the same time 
next year the value has risen to 594, what will be the average 
inflation rate for the year? 


6. Discuss the differences and similarities between interest, 
inflation, and the time value of money. 


7. What term describes the method by which a fixed capital 
investment can be used to reduce the tax that a company 
pays? 


8. What is depreciation? Explain how it affects the economic 
analysis of a new chemical process. 


9. Why is it advantageous to use an accelerated depreciation 
schedule? 


10. “In general, it is better to depreciate the fixed capital 
investment as soon as allowable.” Give one example of when 
this statement would not be true. 


11. What is the difference between after-tax profit and after-tax 
cash flow? When are these two quantities the same? 


PROBLEMS 


12. You need to borrow $1000 for an emergency. You have two 
alternatives. One is to borrow from a bank. The other is to 
borrow from your childhood friend Greta Ganav, who is in 
the “private” financing business. Because you and Greta go 
way back, she will give you her preferred rate, which is 
$5/week until you pay back the entire loan. 


p 


What is Greta’s effective annual interest rate? 


N 


. Your alternative is to borrow from a bank, where the interest is 
compounded monthly. What nominal interest rate would make you 
choose the bank over Greta? 

3. Ifthe bank’s interest rate is 7% p.a., compounded monthly, how many 

months would it be until the interest paid to Greta equaled the interest 

paid to the bank? 


13. Consider the following three investment schemes: 


9.5% p.a. (nominal rate) compounded daily 
10.0% p.a. (nominal rate) compounded monthly 


10.5% p.a. (nominal rate) compounded quarterly 


1. Which investment scheme is the most profitable, assuming that the initial 
investment is the same for each case? 


2. What is the effective annual interest rate of the best scheme? 


3. What is the nominal interest rate of the best scheme when compounded 
continuously? 


14. At an investment seminar that I recently attended, I learned 
about something called “the Rule of 72.” According to the 
person in charge of the seminar, a good estimate for finding 
how long it takes for an investment to double is given by the 
following equation: 


Number of years to double investment 
72 


~ effective annual interestrate(in %) 


Using what you know about the time value of money, 
calculate the error in using the above equation to estimate 
how long it takes to double an investment made at the 
following effective annual interest rates: 5%, 7.5%, and 10%. 
Express your answers as % error to two significant figures. 
Comment on the Rule of 72 and its accuracy for typical 
financial calculations today. 


15. You invested $5000 eight years ago, and you want to 
determine the value of the investment now, at the end of 
year 8. During the past eight years, the nominal interest rate 
has fluctuated as follows: 


Year Nominal Interest Rate (% p.a.) 
1 4 
2 5 
3 7 
4 8 
5 6 
6 4 
7 5 
8 4 


If your investment is compounded daily, how much is it 
worth today? (Ignore the effect of leap years.) 


16. What are the differences between investing $15,000 at 9% 
p.a. for 15 years when compounded yearly, quarterly, 
monthly, daily, and continuously? Ignore the effect of leap 
years. 


17. One bank advertises an interest rate on a certificate of 
deposit (CD) to be 4% compounded daily. Another bank 


advertises a CD with a 4.1% effective annual rate. In which 
CD would you invest? 


18. You take out a new-car loan from an internet bank that 
compounds interest weekly and requires weekly payments. 
The interest rate is 5.5%. What is the weekly payment for a 
$20,000, five-year loan, assuming one year is exactly 52 
weeks? 


19. You want to begin an investment plan to save for your 
daughter’s college education. Because you believe that your 
newly born daughter will be a genius (just like you!), you are 
assuming the cost of an Ivy League education. You plan to 
put money into an investment account, at the end of each 
year, for the next 18 years. You believe that you will need 
about $75,000/y, each year, 19 through 22 years from now. 


1. Draw a discrete cash flow diagram for this situation. 

2. How much would you have to invest each year to pay for college and have 
a zero balance at the end of year 22? The effective annual interest rate of 
your investment is 8%. 

3. What interest rate would be needed if you could invest only $5000/y? 


20. You begin an investment plan by putting $10,000 in an 
account that you assume will earn 8% annually. For the next 
25 years, you add $5000/y. In anticipation of buying a 
house with a 15-year mortgage, you expect to need a one- 
time down payment of $55,000 at the end of year 8. You 
anticipate being able to make the monthly mortgage 
payment without affecting the yearly contribution to the 
savings plan. 


1. Draw a discrete, nondiscounted cash flow diagram for this situation. 
2. Will you have the down payment at the end of year 8? 
3. What will be the value of your savings account at the end of year 25? 


21. You begin work on June 1 and work until August 31, and 
receive pay on the last day of the month. Your expenses for 
these three months are $1500/mo. At the end of September, 
you make a $7000 payment, and you make an identical 
payment at the end of January. Your expenses from 
September 1 through May 31 are $1000/mo. 


1. Draw a discrete, nondiscounted cash flow diagram for this situation. 

2. If you earn 4% interest, compounded monthly, on the money until it is 
spent, what monthly salary is required from June 1 through August 31 to 
break even on May 31? 

3. If you earn 4% interest, compounded monthly, on the money until it is 
spent and the salary is $4000/mo, how much would you have to earn 
each month from a different job from September through May to break 
even on May 31? 

4. What situation is depicted in this problem? 


22. The cash flows for a bank account are described by the 
discrete CFD in Figure P9.22. The bank account has an 


effective annual interest rate of 4.5%. 
1. Calculate the future value of all cash flows after 15 years. 
2. Calculate the future value of all cash flows after 25 years assuming that 
there are no more transactions after year 15. 


2000 


1000 JODO aiaia 1000 1000 


700 700 


750 


v Y 
2000 2000 


Figure P9.22 Cash Flow Diagram for Problem 9.22 


23. In a tax-deferred investment plan such as a 401k, you can 
invest money deducted from your gross salary before taxes 
are withheld. Most companies provide some sort of 
matching contribution. Suppose you invest $10,000/y via 
salary deduction, with an equal company match, for 40 
years. What is the future value of this investment after 40 
years? Repeat this calculation for the cases where you delay 
the investment plan for 10, 20, and 30 years. Assume an 8% 
annual rate of return. 


24. You begin to contribute to an investment plan with your 
company immediately after graduation, when you are 23 
years old. Your contribution plus your company’s 
contribution totals $6000/y. Assume that you work for the 
same company for 40 years. 


1. What effective annual interest rate is required for you to have $1 million 
in 40 years? 

2. Repeat Part (a) for $2 million. 

3. What is the future value of this investment after 40 years if the effective 
annual interest rate is 7% p.a.? 


25. A 401k (and similar plans) is an investment vehicle available 
to most individuals to save for retirement. The benefit is that 
the investment is made before taxes (by payroll deduction), 
and interest is not taxed until the money is withdrawn. In 
theory, most retirees are in a lower tax bracket than when 
they worked. Under current laws (2016), the maximum 
annual contribution to all such plans in 2016 is $18,000 
until age 50 and $24,000 thereafter, including the year one 
turns 50. Suppose that the maximum contribution is made 
every year for 40 years, beginning at age 25 until age 65. 


(Note: Employers may match this contribution, but this is 
not considered here.) 


1. What is the future value of this retirement fund after 40 years, assuming 
an effective annual interest rate of 9%? 


2. What effective annual interest rate is required for the future value of this 
investment to be $2 million after 40 years? 


26. You plan to finance a new car by borrowing $25,000. The 
interest rate is 7% p.a., compounded monthly. What is your 
monthly payment for a three-year loan, a four-year loan, and 
a five-year loan? 


27. You have just purchased a new car by borrowing $20,000 
for four years. Your monthly payment is $500. What is your 
nominal interest rate if compounded monthly? 


28. You plan to borrow $200,000 to purchase a new house. The 
nominal interest rate is fixed at 6.5% p.a., compounded 
monthly. 


1. What is the monthly payment on a 30-year mortgage? 
2. What is the monthly payment on a 15-year mortgage? 


3. What is the difference in the amount of interest paid over the lifetime of 
each loan? 


29. You just borrowed $225,000 to purchase a new house. The 
monthly payment (before taxes and insurance) is $1791 for 
the 25-year loan. What is the effective annual interest rate? 


30. You just borrowed $250,000 to purchase a new house. The 
nominal interest rate is 6% p.a., compounded monthly, and 
the monthly payment is $1612 for the loan. What is the 
duration of the loan? 


31. A home-equity loan involves borrowing against the equity in 
a house. For example, if your house is valued at $250,000 
and you have been paying the mortgage for a sufficient 
amount of time, you may owe only $150,000 on the 
mortgage. Therefore, your equity in the home is $100,000. 
You can use the home as collateral for a loan, possibly up to 
$100,000, depending on the bank’s policy. Home-equity 
loans often have shorter durations than regular mortgages. 
Suppose that you take a home-equity loan of $50,000 for the 
down payment on a new house in a new location because 
you have a new job. When you complete the sale of your old 
house, the home-equity loan will be paid off at the closing. 
The home-equity loan terms are a 10-year term at 7% p.a., 
compounded monthly, but you must also pay 0.05% of the 
original home-equity loan principal each month. What is the 
monthly payment? 


32. Your company is trying to determine whether to spend 
$500,000 in process improvements. The projected cash flow 
increases based on the process improvements are as follows: 


Year Annual Increased Cash Flow ($thousands) 


1 25 


2 75 

3 100 
4 125 
5 250 


The alternative is to do nothing and leave the $500,000 in 
the investment portfolio earning interest. What interest rate 
is required in the investment portfolio for the better choice 
to be to do nothing? 


33. It is necessary to evaluate the profitability of proposed 
improvements to a process prior to obtaining approval to 
implement changes. For one such process, the capital 
investment (end of year o) for the project is $250,000. 
There is no salvage value. In years 1 and 2, you expect to 
generate an after-tax cash flow from the project of 
$60,000/y. In years 3-8, you expect to generate an after-tax 
cash flow of $50,000/y. Assume that the investments and 
cash flows are single transactions occurring at the end of the 
year. Assume an effective annual interest rate of 9%. 


1. Draw a discrete cash flow diagram for this project. 

2. Draw a cumulative, discounted (to year 0) cash flow diagram for this 
project. 

3. What is the future value of this project at the end of year 8? 

4. Instead of investing in this project, the $250,000 could remain in the 
company’s portfolio. What rate of return on the portfolio is needed to 
equal the future value of this project at the end of year 8? Would you 
invest in the project, or leave the money in the portfolio? 


34. In Problem 9.33, the after-tax cash flow figures were 
generated using a taxation rate of 45% and a straight-line 
depreciation over the eight-year project. Calculate the yearly 
after-tax cash flows if the five-year MACRS depreciation 
schedule were used. 


35. You are evaluating the profitability potential of a process 
and have the following information. The criterion for 
profitability is a 15% rate of return over ten operating years. 
The equipment has zero salvage value at the end of the 
project. 


Fixed capital investment (including land) in four 
installments (all values are in millions of dollars as one 
transaction at the end of the year): 


Year o land $10 
Year 1 FCI installment 1 $20 
Year 2 FCI installment 2 $30 
Year 3 FCI installment 3 $20 
Start-up capital at end of year 3 $10 


Positive cash flow years 4-13 $25 


L 
2. 
3. 
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36. 


37. 
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Draw a discrete, discounted cash flow diagram for this process. 
Draw a cumulative, discounted cash flow diagram for this process. 
What is the present value (at end of year o) for this process? 
What is the future value at the end of year 13? 


What would the effective annual interest rate have to be so that the 
present value (end of year o) of this investment is zero? (This interest rate 
is known as the DCFROR, and it will be discussed in the next chapter.) 


. What is your recommendation regarding this process? Explain. 


What are the MACRS depreciation allowances for recovery 
periods of four, six, and nine years? 


For a new process, the land was purchased for $10 million. 
The fixed capital investment, paid at the end of year o, is 
$165 million. The working capital is $15 million, and the 
salvage value is $15 million. The estimated revenue from 
years 1 through 10 is $70 million/y, and the estimated cost 
of manufacture over the same time period is $25 million/y. 
The internal hurdle rate (interest rate) is 14% p.a., before 
taxes, and the taxation rate is 40%. 


Draw a discrete, nondiscounted (before-tax) cash flow diagram for this 
process. 
Determine the yearly depreciation schedule using the five-year MACRS 
method. 


. Determine the after-tax profit for each year. 

. Determine the after-tax cash flow for each year. 
. Draw a discrete, discounted (to year 0) cash flow diagram for this process. 
. Draw a cumulative, discounted (to year 0) cash flow diagram for this 


process. 


. What is the present value (year o) of this process? 


Chapter 10: Profitability Analysis 


WHAT YOU WILL LEARN 


There are different methods for estimating the profitability of a 
proposed chemical process. 


These methods do not always give the same result. 


Certain methods are more appropriate for specific situations. 


The impact of uncertainty can be included in these profitability 
estimates using a Monte-Carlo analysis. 


This chapter will explain how to apply the techniques of 
economic analysis developed in Chapter 9. These techniques 
will be used to assess the profitability of projects involving both 
capital expenditures and yearly operating costs. A variety of 
projects will be examined, ranging from large multimillion- 
dollar ventures to much smaller process improvement projects. 
Several criteria for profitability will be discussed and applied to 
the evaluation of process and equipment alternatives. The first 
concept is the profitability criteria for new large projects. 


10.1 A TYPICAL CASH FLOW DIAGRAM 
FOR A NEW PROJECT 


Atypical cumulative, after-tax cash-flow diagram (CFD) for a 
new project is illustrated in Figure 10.1. It is convenient to relate 
profitability criteria to the cumulative CFD rather than the 
discrete CFD. The timing of the different cash flows is explained 
below. 


Construction 


Completed 
Construction + 
Starts Plant Start-up 
Land 
+ 
Working Capital 
Ru O md. ee 
Salvage s 


Fixed Capital R 
Investment Depreciation 
(FC) i ! Allowance Project 
----4-----Y------ -g j i Ceases Completed 
Working Capital t Plant Shut 
C) rey Down 


«—— Project Life (for economic comparisons) =——__————» 


Figure 10.1 A Typical Cumulative Cash Flow Diagram for the 
Evaluation of a New Project 


In the economic analysis of the project, it is assumed that 
any new land purchases required are done at the start of the 
project, that is, at time zero. After the decision has been made to 
build a new chemical plant or expand an existing facility, the 


construction phase of the project starts. Depending on the size 
and scope of the project, this construction may take anywhere 
from six months to three years to complete. In the example 
shown in Figure 10.1, a typical value of two years for the time 
from project initiation to the startup of the plant has been 
assumed. Over the two-year construction phase, there is a major 
capital outlay. This represents the fixed capital expenditures for 
purchasing and installing the equipment and auxiliary facilities 
required to run the plant (see Chapter 7). The distribution of 
this fixed capital investment is usually slightly larger toward the 
beginning of construction, and this is reflected in Figure 10.1. At 
the end of the second year, construction is finished and the 
plant is started. At this point, the additional expenditure for 
working capital required to float the first few months of 
operations is shown. This is a one-time expense at the startup of 
the plant and will be recovered at the end of the project. 

After startup, the process begins to generate finished 
products for sale, and the yearly cash flows become positive. 
This is reflected in the positive slope of the cumulative CFD in 
Figure 10.1. Usually the revenue for the first year after startup is 
less than in subsequent years due to “teething” problems in the 
plant; this is also reflected in Figure 10.1. The cash flows for the 
early years of operation are larger than those for later years due 
to the effect of the depreciation allowance discussed in Chapter 
9. The time used for depreciation in Figure 10.1 is six years. The 
time over which the depreciation is allowed depends on the IRS 
regulations and the method of depreciation used. 

In order to evaluate the profitability of a project, a life for the 
process must be assumed. This is not usually the working life of 
the equipment, nor is it the time over which depreciation is 
allowed. It is a specific length of time over which the 
profitability of different projects is to be compared. Lives of 10, 
12, and 15 years are commonly used for this purpose. It is 
necessary to standardize the project life when comparing 
different projects. This is because profitability is directly related 
to project life, and comparing projects using different lives 
biases the results. 


Usually, chemical processes have anticipated operating lives 
much greater than ten years. If much of the equipment in a 
specific process is not expected to last for a ten-year period, 
then the operating costs for that project should be adjusted. 
These operating costs should reflect a much higher maintenance 
cost to include the periodic replacement of equipment necessary 
for the process to operate the full ten years. A project life of ten 
years will be used for the examples in the next section. 

From Figure 10.1, a steadily rising cumulative cash flow is 
observed over the ten operating years of the process, that is, 
years 2 through 12. At the end of the ten years of operation, that 
is, at the end of year 12, it is assumed that the plant is closed 
down and that all the equipment is sold for its salvage or scrap 
value, that the land is also sold, and that the working capital is 


recovered. This additional cash flow, received on closing down 
the plant, is shown by the upward-pointing vertical line in year 
12. It must be remembered that in reality, the plant will most 
likely not be closed down; it is only assumed that it will be to 
perform the economic analysis. 

The question that must now be addressed is how to evaluate 
the profitability of a new project. Looking at Figure 10.1, it can 
be seen that at the end of the project the cumulative CFD is 
positive. Does this mean that the project will be profitable? The 
answer to this question depends on whether the value of the 
income earned during the time the plant operated is smaller or 
greater than the investment made at the beginning of the 
project. Therefore, the time value of money must be considered 
when evaluating profitability. The following sections examine 
different ways to evaluate project profitability. 


10.2 PROFITABILITY CRITERIA FOR 
PROJECT EVALUATION 


There are three bases used for the evaluation of profitability: 


1. Time 
2. Cash 


3. Interest rate 


For each of these bases, discounted or nondiscounted 
techniques may be considered. The nondiscounted techniques 
do not take into account the time value of money and are not 
recommended for evaluating new, large projects. Traditionally, 
however, such methods have been and are still used to evaluate 
smaller projects, such as process improvement schemes. 
Examples of both types of methods are presented for all three 
bases. 


10.2.1 Nondiscounted Profitability Criteria 


Four nondiscounted profitability criteria and the graphical 
interpretation of these profitability criteria are illustrated in 
Figure 10.2. Each of the four criteria is explained below. 
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Figure 10.2 Illustration of Nondiscounted Profitability 
Criteria 


Time Criterion. The term used for this criterion is the 
payback period (PBP), also known by a variety of other 


names, such as payout period, payoff period, and cash recovery 
period. The payback period is defined as follows: PBP = Time 
required, after startup, to recover the fixed capital investment, 
FCI, for the project 

The payback period is shown as a length of time on Figure 
10.2. Clearly, the shorter the payback period, the more 
profitable the project. 


Cash Criterion. The criterion used here is the 
cumulative cash position (CCP), which is simply the worth 
of the project at the end of its life. For criteria using cash or 
monetary value, it is difficult to compare projects with 
dissimilar fixed capital investments, and sometimes it is more 
useful to use the cumulative cash ratio (CCR), which is 
defined as 


Sum of All Positive Cash Flows 


“es Sum of All Negative Cash Flows 


The definition effectively gives the cumulative cash position 
normalized by the initial investment. Projects with cumulative 
cash ratios greater than one are potentially profitable, whereas 
those with ratios less than unity cannot be profitable. 


Interest Rate Criterion. The criterion used here is called 
the rate of return on investment (ROROD) and represents 
the nondiscounted rate at which money is made from a fixed 
capital investment. The definition is given as 


Average Annual Net Profit 


ROROI = ——— 
Fixed Capital Investment(FCIz) 


The annual net profit in this definition is an average over the 
life of the plant after startup. 

The use of fixed capital investment, FCT,, in the calculations 
for payback period and rate of return on investment given above 
seems reasonable, because this is the capital that must be 
recovered by project revenue. Many alternative definitions for 
these terms can be found, and sometimes the total capital 
investment (FCI; + WC + Land) is used instead of fixed capital 
investment. When the plant has a salvage value (S), the fixed 
capital investment minus the salvage value (FCI; — S) could be 
used instead of FCI;,. However, because the salvage value is 
usually very small, it is preferable to use FCI; alone. Example 
10.1 is a comprehensive profitability analysis calculation using 
nondiscounted criteria. 


Example 10.1 


A new chemical plant is going to be built and will require 
the following capital investments (all figures are in 
$million): 


Cost of land, L = $10.0 


Total fixed capital investment, FCT, = $150.0 


Fixed capital investment during year 1 = $90.0 
Fixed capital investment during year 2 = $60.0 


Plant startup at end of year 2 


Working capital = $30.0 at end of year 2 


The sales revenues and costs of manufacturing are given 


below: 


Yearly sales revenue (after startup), R = $75.0/y 


Cost of manufacturing excluding depreciation 
allowance (after startup), COMg = $30.0/y 


Taxation rate, t = 45% 

Salvage value of plant, S = $10.0 
Depreciation: Use 5-year MACRS. 
Assume a project life of 10 years. 


Calculate each nondiscounted profitability criterion given 
in this section for this plant. 


Solution 


The discrete and cumulative nondiscounted cash flows 
for each year are given in Table E10.1. Using these data, 


the cumulative cash flow diagram is drawn, as shown in 
Figure E10.1. 
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Table Eio.1 Nondiscounted After-Tax Cash š 
Flows for Example 10.1 (All Numbers in $10 ) 


(R-COM-d,) 
x (1 —t) + 


dk 


Cash 
Flow 


(10.00) 
(90.00) 


(90.00) 


38.25 
46.35 
37-71 
32-53 
32-53 
28.64 
24.75 
24.75 
24.75 


70.25 


Cumulative 
Cash Flow 


(10.00) 
(100.00) 


(190.00) 


(151.75) 
(105.40) 
(67.69) 
(35.16) 
(2.64) 
26.00 
50.75 
75-50 
100.25 


170.50 


Land + Working Capital = 10 + 30 = $40 x10°—find time after startup for which 
cumulative cash flow = -$40 x10° 

PBP = 3 + (-67.69 + 40)/(-67.69 + 35.16) = 3.85 years 

Cumulative Cash Position (CCP) and Cumulative Cash Ratio (CCR) 

CCP = $170.50 x 106 and CCR = È positive cash flows/= negative cash flows = 
(38.25 + 46.35 + 37.71 + ... + 24.75 + 70.25) / (10 + 90 + 90) = 1.897 

Rate of Return on Investment (ROROD 

ROROI = (38.25 + 46.35 + 37.71 + ... + 24.75 + 30.25)/10/150 — 1/10 = 0.114 or 
11.4% p.a. 


Cash Flow ($millions) 


Slope = [130.5 - (-190)]/10 
= 32.05 per year 


[eer = 3.85 years 
| 
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Figure E10.1 Cumulative Cash Flow Diagram for 
Nondiscounted After-Tax Cash Flows for Example 10.1 


The method of evaluation for each of the criteria is 
given in Figure E10.1 and Table E10.1. 

Payback Period (PBP) = 3.85 years 

Cumulative Cash Position (CCP) = $170.5 x 10° 

Cumulative Cash Ratio (CCR) = 1.897 

Rate of Return on Investment (ROROD = 11.4% 


All of these criteria indicate that the project cannot be 


eliminated as unprofitable. They all fail to take into account the 
time value of money that is necessary for a thorough measure of 
profitability. The effects of the time value of money on 
profitability are considered in the next section. 


10.2.2 Discounted Profitability Criteria 


The main difference between the nondiscounted and discounted 
criteria is that for the latter each of the yearly cash flows is 
discounted back to time zero. The resulting discounted 
cumulative cash flow diagram is then used to evaluate 
profitability. The three different types of criteria are: Time 
Criterion. The discounted payback period (DPBP) is 
defined in a manner similar to the nondiscounted version given 


above. 


DPBP = Time required, after startup, to recover the fixed 
capital investment, FCI, required for the project, 
with all cash flows discounted back to time zero The 
project with the shortest discounted payback period is 
the most desirable. 


Cash Criterion. The discounted cumulative cash 
position, more commonly known as the net present value 
(NPV) or net present worth (NPW) of the project, is 
defined as NPV = Cumulative discounted cash position at the 
end of the project 

Again, the NPV of a project is greatly influenced by the level 
of fixed capital investment, and a better criterion for 
comparison of projects with different investment levels may be 
the present value ratio (PVR): 


PVR= Present Value of All Positive Cash Flows 
~ Present Value of All Negative Cash Flows 


A present value ratio of unity for a project represents a 
break-even situation. Values greater than unity indicate 
profitable processes, whereas those less than unity represent 
unprofitable projects. Example 10.2 continues Example 10.1 
using discounted profitability criteria. 


Example 10.2 


For the project described in Example 10.1, determine the 
following discounted profitability criteria: 


1. Discounted payback period (DPBP) 
2. Net present value (NPV) 
3. Present value ratio (PVR) 


Assume a discount rate of 0.1 (10% p.a.). 


Solution 


The procedure used is similar to the one used for the 
nondiscounted evaluation shown in Example 10.1. The 
discounted cash flows replace actual cash flows. For the 
discounted case, all the cash flows in Table E10.1 must 
first be discounted back to the beginning of the project 
(time = 0). This is done by multiplying each cash flow by 
the discount factor (P/F, i, n), where n is the number of 
years after the start of the project. These discounted cash 
flows are shown along with the cumulative discounted 
cash flows in Table E10.2. 


Table E10.2 Discounted Cash Flows for 
Example 10.2 (All Numbers in Millions of $) 


End Cumulative 
of Nondiscounted Discounted Discounted Cash 
Year Cash Flow Cash Flow Flow 
(0) (10.00) (10) (10.00) | 
1 (90.00) (90)/1.1 = (91.82) 
(81.82) 
2 (90.00) (90)/1.1 = (166.20) 
(74.38) 
3 38.25 38.25/1.1° = (137.46) 
28.74 
| 


4 46.35 46.35/1.1° = (105.80) 


31.66 | 

5 37-71 37.71/11 = (82.39) 
23.41 

6 

6 32.53 32.53/11 = (64.03) 
18.36 

7 32.53 32.53/11’ = (47.34) 
16.69 

8 28.64 28.64/1.1° (33.98) 
= 13.36 

9 24.75 24.75/11 = (23.48) 
10.50 

10 24.75 24.75/11 (13.94) 
= 9.54 

11 24.75 24.75/11" (5.26) 
= 8.67 

12 70.25 70.25/1.1" 17.12 
= 22.38 


Discounted Profitability Criteria 

Discounted Payback Period (DPBP) 

Discounted value of land + working capital = 10 + 30/1.12 = 
$34.8 x 10° 

Find time after startup when cumulative cash flow = —$34.8 x 
10° 

DPBP = 5 + (—47.34 + 34.8)/(—47.34 + 33-98) = 5.94 y 

Net Present Value (NPV) and Present Value Ratio (PVR) 
NPV = $17.12 x 106 

PVR = È positive discounted cash flows/= negative discounted 
cash flows = (28.74 + 31.36 + 23.41 + ... + 22.38) / (10 + 81.82 + 
74.38) 

PVR = (183.31) / (166.2) = 1 + 17.12 / 166.2 = 1.10 


The cumulative discounted cash flows are shown on Figure 
E10.2, and the calculations are given in Table E10.2. From these 
sources the profitability criteria are given as 


1. Discounted payback period (DPBP) = 5.94 years 


2. Net present value (NPV) = $17.12 x 10° 


3. Present value ratio (PVR) = 1.10 


Discounted Cash Flow ($millions) 


40 4 | | | | — || Discounted Land + WC = 34.8 
T 
| 


| | DPBP = 5.94 years 


Discounted FCI, = 131.4 


Time after Project Start (years) 


Figure E10.2 Cumulative Cash Flow Diagram for Discounted 
After-Tax Cash Flows for Example 10.2 


These examples illustrate that there are significant effects of 
discounting the cash flows to account for the time value of 
money. From these results, the following observations may be 
made: 

1. In terms of the time basis, the payback period increases as the discount 
rate increases. In the above examples, it increased from 3.85 to 5.94 years. 


2. In terms of the cash basis, replacing the cash flow with the discounted 
cash flow decreases the value at the end of the project. In the above 
examples, it dropped from $170.5 to $17.12 million. 


3. In terms of the cash ratios, discounting the cash flows gives a lower ratio. 
In the above examples, the ratio dropped from 1.897 to 1.10. 


As the discount rate increases, all of the discounted 
profitability criteria are reduced. 


Interest Rate Criterion. The discounted cash flow 
rate of return (DCFROR) is defined to be the interest rate at 
which all the cash flows must be discounted in order for the net 
present value of the project to be equal to zero. Thus, DCFROR 
= Interest or discount rate for which the net present value of the 
project is equal to zero 

Therefore, the DCFROR represents the highest after-tax 
interest or discount rate at which the project can just break 
even. 

For the discounted payback period and the net present value 
calculations, the question arises as to what interest rate should 
be used to discount the cash flows. This “internal” interest rate 
is usually determined by corporate management and represents 
the minimum rate of return that the company will accept for 
any new investment. Many factors influence the determination 
of this discount interest rate, and for current purposes, it is 
assumed that it is always given. 


It should be noted that when evaluating the discounted cash 
flow rate of return, no interest rate is required because this is 
what is calculated. Clearly, if the DCFROR is greater than the 
internal discount rate, then the project is considered to be 
profitable. Use of DCFROR as a profitability criterion is 
illustrated in Example 10.3. 


Example 10.3 


For the problem presented in Examples 10.1 and 10.2, 
determine the discounted cash flow rate of return 
(DCFROR). 


Solution 


The NPVs for several different discount rates were 
calculated and the results are shown in Table E10.3. The 
value of the DCFROR is found at NPV = o. Interpolating 
from Table E10.3 gives 


(DCFROR — 12%) _ (0-077 _ 9 19g 
(13% —-12%)  (-6.32—0.77) ` 


Table E10.3 NPV for Project in Example 10.1 as 
a Function of Discount Rate 


Interest or Discount Rate NPV ($million) 
o% 170.50 | 
10% 17.12 | 
12% 0.77 | 
13% -6.32 | 
15% -18.66 | 
20% —41.22 | 


Therefore, DCFROR = 12 + 1(0.109) = 12.1%. 

An alternate method for obtaining the DCFROR is to 
solve for the value of i in an implicit, nonlinear algebraic 
expression. This is illustrated in Example 10.4. 


Figure 10.3 provides the cumulative discounted cash flow 
diagram for Example 10.3 for several discount factors. It shows 
the effect of changing discount factors on the profitability and 
shape of the curves. It includes a curve for the DCFROR found 
in Example 10.3. For this case, it can be seen that the NPV for 
the project is zero. In Example 10.3, if the acceptable rate of 
return for a company were set at 20%, then the project would 
not be considered an acceptable investment. This is indicated by 
a negative NPV for i = 20%. 
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Figure 10.3 Discounted Cumulative Cash Flow Diagrams 
Using Different Discount Rates for Example 10.3 


Each method described above used to gauge the profitability 
of a project has advantages and disadvantages. For projects 
having a short life and small discount factors, the effect of 
discounting is small, and nondiscounted criteria may be used to 
give an accurate measure of profitability. However, it is fair to 
say that for large projects involving many millions of dollars of 
capital investment, discounting techniques should always be 


used. 

Because all the above techniques are commonly used in 
practice, familiarity with and being able to use each technique 
are important. 


10.3 COMPARING SEVERAL LARGE 
PROJECTS: INCREMENTAL 
ECONOMIC ANALYSIS 


In this section, comparison and selection among investment 
alternatives are discussed. When comparing project 
investments, the DCFROR tells how efficiently money is being 
used. When using this criterion, it should be noted that the 
higher the DCFROR, the more attractive is the individual 
investment. However, when comparing investment alternatives, 
it may be better to choose a project that does not have the 
highest DCFROR. The rationale for comparing projects and 
choosing the most attractive alternative is discussed in this 
section. 


In order to make a valid decision regarding alternative 
investments (projects), it is necessary to know a baseline rate of 
return that must be attained in order for an investment to be 
attractive. A company that is considering whether to invest in a 
new project always has the option to reject all alternatives 
offered and invest the cash (or resources) elsewhere. The 
baseline or benchmark investment rate is related to these 
alternative investment opportunities, such as investing in the 
stock market. Incremental economic analysis is illustrated in 
Examples 10.4 and 10.5. 


Example 10.4 


A company is seeking to invest approximately $120 x 10° 
in new projects. After extensive research and preliminary 
design work, three projects have emerged as candidates 
for construction. The minimum acceptable internal 
discount (interest) rate, after tax, has been set at 10%. 
The after-tax cash-flow information for the three projects 
using a ten-year operating life is as follows (values in 
$million): 


After-Tax Flow in Year 


Initial Investment Cash k 
($million) k=1 k=2-10 
Project $60 $10 $12 
A 
Project $120 $22 $22 
B 
Project $100 $12 $20 
C 


For this example it is assumed that the costs of land, 
working capital, and salvage are zero. Furthermore, it is 


assumed that the initial investment occurs at time = 0, 
and the yearly annual cash flows occur at the end of each 
of the ten years of plant operation. 

Determine the following: 


1. The NPV for each project 
2. The DCFROR for each project 


Solution 


For Project A, 
NPV = —$60 + ($10)(P/F, 0.10, 1) 
+ ($12)(P/A, 0.10, 9)(P/F, 0.10, 1) 


Z te 1.19-1 cs eee 
= -$60 + 22 + ($12) 2 tay h = $11.9 


The DCFROR is the value of i that results in NPV = 0: 


NPV = 0 = -$60 + ($10)(P/F, i, 1) + ($12)(P/A, i, 9)(P/F, 
1, 1) 
Solving for i yields i = DCFROR = 14.3%. 
Values obtained for NPV and DCFROR are as follows: 


NPV (i = 10%) DCFROR 
Project A 11.9 14.3% 
Project B 15.2 12.9% 
Project C 15.6 13.3% 


Note: Projects A, B, and C are mutually exclusive 
because investment cannot be made in more than one of 
them, due to the cap of $120 x 10°. The analysis that 
follows is limited to projects of this type. For the case 
when projects are not mutually exclusive, the analysis 
becomes somewhat more involved and is not covered 
here. 


Although all the projects in Example 10.4 showed a positive 
NPV and a DCFROR of more than 10%, at this point it is not 
clear how to select the most attractive option with this 
information. It will be seen later that the choice of the project 
with the highest NPV will be the most attractive. However, 
consider the following alternative analysis. If Project B is 
selected, a total of $120 x 10° is invested and yields 12.9%, 
whereas the selection of Project A yields 14.3% on the $60 x 10° 
invested. To compare these two options, a situation in which the 
same amount is invested in both cases would have to be 
considered. In Project A, this would mean that $60 x 10° is 
invested in the project and the remaining $60 x 10° is invested 
elsewhere, whereas in Project B, a total of $120 x 10° is invested 
in the project. 

It is necessary in the analysis to be sure that the last dollar 
invested earns at least 10%. To do this, an incremental analysis 
must be performed on the cash flows to establish that at least 


10% is made on each additional increment of money invested in 
the project. 


Example 10.5 


This is a continuation of Example 10.4. 
1. Determine the NPV and the DCFROR for each increment of 


investment. 


2. Recommend the best option. 


Solution 


1. First, Project A and Project C are compared, since Project C is the 
next larger investment: 
Incremental investment is $40 x 10° = ($100 - $60) x 10°. 
Incremental cash flow for i = 1 is $2 x 10°/y = ($12/y - $10/y) x 
10°. 
Incremental cash flow for i = 2 to 10 is $8 x 10°/y = ($20/y - 
$12/y) x 10°. 
NPV = -$40 x 10° + ($2 x 10°)(P/F, 0.10, 1) + ($8 x 10°) 
(P/A, 0.10, 9)(P/F, 0.10, 1) NPV = $3.7 x 10° 


Setting NPV = 0 yields DCFROR = 0.119 (11.9%), which is 
acceptable. 


Since Project C is acceptable, Project C and Project B are 
compared: 


Incremental investment is $20 x 10° = ($120 — $100) x 10°. 
Incremental cash flow for i = 1 is $10 x 10°/y = ($22/y — $12/y) x 
10°. 
Incremental cash flow for i = 2 to 10 is $2 x 10°/y = ($22/y - 
$20/y) x 10°. 

NPV = -$0.4 x 10° and DCFROR = 0.094 (9.4%) 


2. It is recommended to move ahead on Project C. 


From Example 10.5, it is clear that the rate of return on the $20 
x 10° incremental investment required to go from Project C to 
Project B did not return the 10% required and gave a negative 
NPV. 

The information from Example 10.4 shows that an overall 
return on investment of more than 10% is obtained for each of 
the three projects. However, the correct choice, Project C, also 
has the highest NPV using a discount rate of 10%, and it is this 
criterion that should be used to compare alternatives. 


When carrying out an incremental investment analysis on 
projects that are mutually exclusive, the following four-step 
algorithm is recommended: Step 1: Establish the minimum 
acceptable rate of return on investment for such projects. 


When comparing mutually exclusive investment 
alternatives, choose the alternative with the greatest 


positive net present value. 


Step 2: Calculate the NPV for each project using the interest 


rate from Step 1. 
Step 3: Eliminate all projects with negative NPV values. 


Step 4: Of the remaining projects, select the project with the 
highest NPV. 


10.4 ESTABLISHING ACCEPTABLE 
RETURNS FROM INVESTMENTS: 
THE CONCEPT OF RISK 


Most comparisons of profitability will involve the rate of return 
of an investment. Company management usually provides 
several benchmarks or hurdle rates for acceptable rates of 
return that must be used in comparing alternatives. 


A company vice president (VP) has been asked to 
recommend one of the following two alternatives to 
pursue. 

Option 1: A new product is to be produced that has 
never been made before on a large scale. Pilot plant runs 
have been made and the products sent to potential 
customers. Many of these customers have expressed an 
interest in the product but need more material to 
evaluate it fully. The calculated return on the investment 
for this new plant is 33%. 

Option 2: A second plant is to be built in another 
region of the country to meet increasing demand in the 
region. The company has a dominant market position for 
this product. The new facility would be similar to other 
plants. It would involve more computer control, and 
attention will be paid to meeting pending changes in 
environmental regulations. The rate of return is 
calculated to be 12%. 

The recommendation of the VP and the justifications 
are given below. 


Items that favor Option 1 if pursued: 


e High return on the investment 


e Opens new product possibilities 
Items that favor Option 2: 


e The market position for Option 2 is well established. The 
market for the new product has not been fully established. 


e The manufacturing costs are well known for Option 2 but are 
uncertain for the new process because only estimates are 
available. 


e Transportation costs will be less than current values due to 
the proximity of plant. 


e The technology used in Option 2 is mature and well known. 
For the new process, there is no guarantee that it will work. 


The closing statement from the VP included the 
following summary: 


“We have little choice but to expand our established 
product line. If we fail to build these new 
production facilities, our competitors are likely to 
build a new plant in the region to meet the 
increasing demand. They could undercut our 
regional prices, and this would put at risk our 
market share and dominant market position in the 
region.” 


Clearly, the high return on investment for Option 1 was 
associated with a high risk. This is usually the case. There are 
often additional business reasons that must be considered prior 
to making the final decision. The concern for lost market 
position is a serious one and weighs heavily in any decision. The 
relatively low return on investment of 12% given in this example 
would probably not be very attractive had it not been for this 
concern. It is the job of company management to weigh all of 
these factors, along with the rate of return, in order to make the 
final decision. 

In this chapter, the terms internal interest/discount rates 
and internal rates of return are used. This deals with 
benchmark interest rates that are to be used to make 
profitability evaluations. There are likely to be different values 
that reflect dissimilar conditions of risk—that is, the value for 
mature technology would differ from that for unproven 
technology. For example, the internal rate of return for mature 
technology might be set at 12%, whereas that for very new 
technology might be set at 40%. Using these values the decision 
by the VP given above seems more reasonable. The analysis of 
risk is considered in Section 10.7. 


10.5 EVALUATION OF EQUIPMENT 
ALTERNATIVES 


Often during the design phases of a project, it will be necessary 
to evaluate different equipment options. Each alternative piece 
of equipment performs the same process function. However, the 
capital cost, operating cost, and equipment life may be different 
for each, and the best choice must be determined using some 
economic criterion. 

Clearly, if there are two pieces of equipment, each with the 
same expected operating life that can perform the desired 
function with the same operating cost, then common sense 
suggests choosing the less expensive alternative! When the 
expected life and operating expenses vary, the selection 
becomes more difficult. Techniques available to make the 
selection are discussed in this section. 


10.5.1 Equipment with the Same Expected Operating Lives 


When the operating costs and initial investments are different 
but the equipment lives are the same, then the choice should be 


made based on NPV. The choice with the least negative NPV 
will be the best choice. Examples 10.6 and 10.7 illustrate 
evaluation of equipment alternatives. 


Example 10.6 


In the final design stage of a project, the question has 
arisen as to whether to use a water-cooled exchanger or 
an air-cooled exchanger in the overhead condenser loop 
of a distillation tower. The information available on the 
two pieces of equipment is provided as follows: 


Initial Investment Yearly Operating Cost 


Air-cooled $23,000 $1200 


Water-cooled $12,000 $3300 


Both pieces of equipment have service lives of 12 years. 
For an internal rate of return of 8% p.a., which piece of 
equipment represents the better choice? 


Solution 
The NPV for each exchanger is evaluated as follows: 


NPV = -Initial Investment + (Operating Cost)(P/A, 
0.08, 12) 


NPV 
Air-cooled -$32,040 
Water-cooled -$36,870 


The air-cooled exchanger represents the better choice. 


Despite the higher capital investment for the air-cooled 
exchanger in Example 10.6, it was the recommended 
alternative. The lower operating cost more than compensated 
for the higher initial investment. 


10.5.2 Equipment with Different Expected Operating Lives 


When process units have different expected operating lives, care 
is required in determining the best choice. In terms of expected 
equipment life, it is assumed that this is less than the expected 
working life of the plant. Therefore, during the normal 
operating life of the plant, it can be expected that the equipment 
will be replaced at least once. This requires that different 
profitability criteria be applied. Three commonly used methods 
are presented to evaluate this situation. (The effect of inflation 
is not considered in these methods.) All methods consider both 
the capital and operating cost in minimizing expenses, thereby 
maximizing profits. 


Capitalized Cost Method. In this method, a fund is 
established for each piece of equipment to be compared. This 
fund provides the amount of cash that would be needed to 


1. Purchase the equipment initially 


2. Replace it at the end of its life 


3. Continue replacing it forever 


The size of the initial fund and the logic behind the 
capitalized cost method are illustrated in Figure 10.4. 
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Figure 10.4 An Illustration of the Capitalized Cost Method 
for the Analysis of Equipment Alternatives 


From Figure 10.4, it can be seen that if the equipment 
replacement cost is P, then the total fund set aside (called the 
capitalized cost) is P + R, where R is termed the residual. 
The purpose of this residual is to earn sufficient interest during 
the life of the equipment to pay for its replacement. At the end 
of the equipment life, neg, the amount of interest earned is P, 
the equipment replacement cost. As Figure 10.4 shows, 
replacing the equipment every time it wears out may continue. 
Referring to Figure 10.4, the equation is developed for the 
capitalized cost defined as (P + R): 


R(1+i)™—R=P 


and 


1+i)" 
Capitalized Cost = P+ R= P+ ae SP | 
(1+i)™—1 (1+i)"—1 


(10.1) 


The term in square brackets in Equation (10.1) is commonly 
referred to as the capitalized cost factor. 

The capitalized cost obtained from Equation (10.1) does not 
include the operating cost and is useful in comparing 
alternatives only when the operating costs of the alternatives 
are the same. When operating costs vary, it is necessary to 
capitalize the operating cost. An equivalent capitalized 
operating cost that converts the operating cost into an 
equivalent capital cost is added to the capitalized cost calculated 


from Equation (10.1) to provide the equivalent capitalized 
cost (ECC): 


Equivalent Capitalized Cost = Capitalized Cost 
+ Capitalized OperatingCost 


Equivalent Capitalized Cost = | Gap" 


(10.2) 


This cost considers both the capital cost of equipment and 
the yearly operating cost (YOC) needed to compare 
alternatives. The extra terms in Equation (10.2) represent the 
effect of taking the yearly cash flows for operating costs from 
the residual, R. 

By using Equation (10.1) or (10.2), it is possible to account 
correctly for the different operating lives of the equipment by 
calculating an effective capitalized cost for the equipment and 
operating cost. Example 10.7 illustrates the use of these 
equations. 


Example 10.7 


During the design of a new project, a decision must be 
made regarding which type of pump should be used for a 
corrosive service. The options are as follows: 


Capital Operating Cost Equipment Life 


Cost (per year) (years) 
Carbon steel $8000 $1800 4 
pump 
Stainless steel $16,000 $1600 7 


pump 
Assume a discount rate of 8% p.a. 


Solution 


Using Equation (10.2) for the carbon steel pump, 


4 
8000) (1.08)4 + (1800) ES 
Capitalized Cost = (8000) (108) F- L16800) Sm 
1.084 — 1 


= $52, 700 
For the stainless steel pump, 


Capitalized Cost 


7 
16, 000)(1.08)” + (1600) ES" 
_ | M s L ) 008 = $58, 400 


The carbon steel pump is recommended because it has 
the lower capitalized cost. 


In Example 10.7, the stainless steel pump costs twice as 
much as the carbon steel pump and, because of its superior 
resistance to corrosion, will last nearly twice as long. In 


P(1+i)™1 +YOC(F/A,ineg) 


| 


addition, the operating cost for the stainless steel pump is lower 


due to lower maintenance costs. In spite of these advantages, 


the carbon steel pump was still judged to offer a cost advantage. 


Equivalent Annual Operating Cost (EAOC) Method. 
In the previous method, both capital cost and yearly operating 
costs were lumped into a single cash fund or equivalent cash 
amount. An alternative method is to amortize (spread out) the 
capital cost of the equipment over the operating life to establish 
a yearly cost. This is added to the operating cost to yield the 
EAOC. 

Figure 10.5 illustrates the principles behind this method. 
From Figure 10.5, it can be seen that the cost of the initial 
purchase will be spread out over the operating life of the 
equipment. The EAOC is expressed by Equation (10.3): 


EAOC = (Capital Investment)(A/P,i, eq) + YOC 
(10.3) 


Equipment Cost = P 


EAOC = P (A/P, i, neq) + YOC 


EAOC EAOC EAOC EAOC EAOC EAOC 
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Figure 10.5 Cash Flow Diagrams Illustrating the Concept of 
Equivalent Annual Operating Cost 


The EAOC method can be understood in terms of the 
everyday example of comparing new car alternatives. The EAOC 
can be used to determine whether a higher capital investment, 
for example, buying a hybrid vehicle, is worthwhile, based on 
the anticipated savings in the yearly operating cost (reduced 
fuel consumption). 


Example 10.8 illustrates this method for two pumps. 


Example 10.8 


Compare the stainless steel and carbon steel pumps in 
Example 10.7 using the EAOC method. 
Solution 


For the carbon steel pump, 


(8000) (0.08) (1.08)* 


1.084 — 1 
= $4220per year(better option) 


EAOC = + 1800 


For the stainless steel pump, 


(16, 000)(0.08) (1.08)’ 


1.087 — 1 
= $4670per year 


EAOC = + 1600 


The carbon steel pump is shown to be the preferred 
equipment using the EAOC method, as it was in Example 
10.7 using the ECC method. 


Common Denominator Method. Another method for 
comparing equipment with unequal operating lives is the 
common denominator method. This method is illustrated 
in Figure 10.6, in which two pieces of equipment with operating 
lives of n and m years are to be compared. This comparison is 
done over a period of nm years during which the first piece of 
equipment will need m replacements and the second will 
require n replacements. Each piece of equipment has an integer 
number of replacements, and the time over which the 
comparison is made is the same for both pieces of equipment. 
For these reasons the comparison can be made using the net 
present value of each alternative. In general, an integer number 
of replacements can be made for both pieces of equipment in a 
time N, where N is the smallest number into which m and n are 
both exactly divisible; that is, N is the common denominator. 
Example 10.9 illustrates this method. 
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Figure 10.6 An Illustration of the Common Denominator 
Method for the Analysis of Equipment Alternatives 


Example 10.9 


Compare the two pumps given in Example 10.7 using the 
common denominator method. The discrete cash flow 
diagrams for the two pumps are shown in Figure E10.9. 
The minimum time over which the comparison can be 
made is 4(7) = 28 years. 
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Figure E10.9 Cash Flow Diagrams for the Common 
Denominator Method Used in Example 10.9 


Solution 


NPV for the carbon steel pump: 


NPV =-($8000)(1+ 1.08 f + 1.08 ® +1.08 ° +1.08 °° + 
-20 -24 
1.08 +1.08 `) 


-($1800)(P/A, 0.08, 28) 


= -$46,580 (better option) 


NPV for the stainless steel pump: 


NPV = -($16,000)(1 + 1.08 7 + 1.08 ‘4 + 1.08 7’) - 
($1600)(P/A, 0.08, 28) = -$51,643 


The carbon steel pump has a less negative NPV and is 
recommended. 


As found for the previous two methods, the common 
denominator method favors the carbon steel pump. 


Choice of Methods. Because all three methods of 
comparison correctly take into account the time value of money, 
the results of all the methods are equivalent. In most problems, 
the common denominator method becomes unwieldy. The use 
of the EAOC or the capitalized cost methods are favored for 
these calculations. 


10.6 INCREMENTAL ANALYSIS FOR 
RETROFITTING FACILITIES 


This topic involves profitability criteria used for analyzing 
situations where a piece of equipment is added to an existing 
facility. The purpose of adding the equipment is to improve the 
profitability of the process. Such improvements are often 
referred to as retrofitting. Such retrofits may be extensive— 
requiring millions of dollars of investment—or small, requiring 
an investment of only a few thousand dollars. 

The decisions involved in retrofitting projects may be of the 
discrete type, the continuous type, or a combination of both. An 
example of a discrete decision is whether to add an on-line 
monitoring and control system to a wastewater stream. The 
decision is a simple yes or no. An example of a continuous 


decision is to determine what size of heat recovery system 
should be added to an existing process heater to improve fuel 
efficiency. This type of decision would involve sizing the 
optimum heat exchanger, where the variable of interest (heat- 
exchanger area) is continuous. 

Because retrofit projects are carried out on existing 
operating plants, it becomes necessary to identify all of the costs 
and savings associated with the retrofit. When comparing 
alternative schemes, the focus of attention is on the profitability 
of the incremental investment required. Simple, discrete 
choices will be considered in this section. The problem of 
optimizing a continuous variable is covered in Chapter 14. 

The initial step in an incremental analysis of competing 
alternatives is to identify the potential alternatives to be 
considered and to specify the increments over which the 
analysis is to be performed. The first step is to rank the available 
alternatives by the magnitude of the capital cost. The 
alternatives will be identified as A4, A, ..., An. There are n 
possible alternatives. The first alternative, A,, which is always 
available, is the “do nothing” option. It requires no capital cost 
(and achieves no savings). For each of the available alternatives, 
the project cost (capital cost), PC, and the yearly savings 
generated (yearly cash flow), YS, must be known. 


For larger retrofit projects, discounted profitability criteria 
should be used. The algorithm to compare alternatives using 
discounted cash flows follows the same four-step method 
outlined in Section 10.3. For small retrofit projects, 
nondiscounted criteria may often be sufficiently accurate for 
comparing alternatives. Both types of criteria are discussed in 
the next sections. 


10.6.1 Nondiscounted Methods for Incremental Analysis 
For nondiscounted analyses, two methods are provided below. 
1. Rate of Return on Incremental Investment (ROROII) 


ROROII = Incremental Yearly Savings 


Incremental Investment 
2. Incremental Payback Period (IPBP) 


IPBP — Incremental Tavestmeut 
Incremental Yearly Savings 
It is observed that these two parameters are reciprocals of each 
other. 

Examples 10.10-10.12 illustrate the method of comparison 
of projects using these two criteria. 


Example 10.10 


A circulating heating loop for an endothermic reactor has 
been in operation for several years. Due to an oversight 
in the design phase, a certain portion of the heating loop 
piping was left uninsulated. The consequence is a 


significant energy loss. Two types of insulation can be 
used to reduce the heat loss. They are both available in 
two thicknesses. The estimated cost of the insulation and 
the estimated yearly savings in energy costs are given in 
Table E10.10. (The ranking has been added to the 
alternatives and is based on increasing project cost.) 


Table E10.10 Rankings of Alternative Insulations 
for Example 10.10 


Ranking Alternative Project Yearly Savings Generated 


(Option #) Insulation Cost (PC) by Project (YS) 
1 No (0) (0) 
Insulation 
2 B-1" Thick $3000 $1400 
3 B-2" Thick $5000 $1900 
4 A-1" Thick $6000 $2000 
5 A-2" Thick $9700 $2400 


Assume an acceptable internal rate of return for a 
nondiscounted profitability analysis to be 15% (0.15). 


1. For the four types of insulation determine the rate of return on 
incremental investment (ROROII) and the incremental payback period 
(IPBP). 

2. Determine the value of the incremental payback period equivalent to the 
15% internal rate of return. 


Solution 


1. Evaluation of ROROII and IPBP 


Option #-Option 1 ROROII IPBP (years) 


2-1 $1400/$3000 = 0.47 (47%) $3000/$1400 = 2.1 
3-1 $1900/$5000 = 0.38 (38%) $5000/$1900 = 2.6 
4-1 $2000/$6000 = 0.33 (33%) $6000/$2000 = 3.0 
5-1 $2400/$9700 = 0.25 (25%) $9700/$2400 = 4.0 


2. IPBP = 1/(ROROID = 1/0.15 = 6.67 y 


Note that in Part (a) of Example 10.10, the incremental investment and savings are given by the difference between installing 
the insulation and doing nothing. All of the investments considered in Example 10.10 satisfied the internal benchmark for 
investment of 15%, which means that the do-nothing option (Option 1) can be discarded. However, which of the remaining 
options is the best can be determined only by using pairwise comparisons. 

Example 10.11 

Which of the options in Example 10.10 is the best based on the nondiscounted ROROII of 15%? 

Solution 

Step 1: Choose Option 2 as the base case, because it has the lowest capital investment. 

Step 2: Evaluate incremental investment and incremental savings in going from the base case to the case with the next higher 
capital investment, Option 3. 

Incremental Investment = ($5000 — $3000) = $2000 

Incremental Savings = ($1900/y — $1400/y) = $500/y 

ROROI = 500/2000 = 0.4, or 40%/y 

Step 3: Because the result of Step 2 gives an ROROII > 15%, Option 3 is used as the base case and is compared with the option 
with the next higher capital investment, Option 4. 


Incremental Investment = ($6000 — $5000) = $1000 

Incremental Savings = ($2000/y — $1900/y) = $100/y 

ROROT = 100/1000 = 0.1 or 10%/y 

Step 4: Because the result of Step 3 gives an ROROII < 0.15, Option 4 is rejected and Option 3 is compared with the option 
with the next higher capital investment, Option 5. 

Incremental Investment = ($9700 — $5000) = $4700 

Incremental Savings = ($2400/y — $1900/y) = $500/y 

ROROII = 500/4700 = 0.106, or 10.6%/y 

Step 5: Again, the ROROII from Step 4 is less than 15%, and hence Option 5 is rejected. Because Option 3 (Insulation B-2" 
thick) is the current base case and no more comparisons remain, Option 3 is accepted as the “best option.” 

It is important to note that in Example 10.11 Options 4 and 5 are rejected even though they give ROROIT > 15% when compared 
with the do-nothing option (see Example 10.10). The key here is that in going from Option 3 to either Option 4 or 5 the 
incremental investment loses money, that is, RORO < 15%. 

Example 10.12 

Repeat the comparison of options in Example 10.10 using a nondiscounted incremental payback period of 6.67 years. 
Solution 

The steps are similar to those used in Example 10.11 and are given below without further explanation. 

Step 1: (Option 3 — Option 2) JPBP = 2000/500 = 4 years < 6.67 

Reject Option 2; Option 3 becomes the base case. 

Step 2: (Option 4 — Option 3) JPBP = 1000/10 = 10 years > 6.67 

Reject Option 4. 

Step 3: (Option 5 — Option 3) JPBP = 4700/500 = 9.4 years > 6.67 

Reject Option 5. 

Option 3 is the best option. 

10.6.2 Discounted Methods for Incremental Analysis 

Incremental analyses taking into account the time value of money should always be used when large capital investments are 
being considered. Comparisons may be made either by discounting the operating costs to yield an equivalent capital investment 
or by amortizing the initial investment to give an equivalent annual operating cost. Both techniques are considered in this 
section, where the effects of depreciation and taxation are ignored in order to keep the analysis simple. However, it is an easy 
matter to take these effects into account. 

Capital Cost Methods. The incremental net present value (INPV) for a project is given by 


INPV = —PC+YS(P/A,i,n) (10.4) 


When comparing investment options, a given case option will always be compared with a do-nothing option. Thus, these 
comparisons may be considered as incremental investments. In order to use INPV, it is necessary to know the internal discount 
rate and the time over which the comparison is to be made. This method is illustrated in Example 10.13. 

Example 10.13 

Based on the information provided in Example 10.10 for an acceptable internal interest rate of 15% and time n = 5 y, determine 
the most attractive alternative, using the INPV criterion to compare options. 

Solution 

For i= 0.15 and n = 5 the value for (P/A, i, n) = 3.352. (See Equation [9.14].) 

Equation (10.4) becomes 

INPV =- PC + 3.352 YS 


Option/NPV ($) 
2-1 1693 

3-1 1369 

4-1 704 
5-1-1655 


From the results above, it is clear that Options 2, 3, and 4 are all potentially profitable as IVPV > 0. However, the best option is 
Option 2 because it has the highest INPV when compared with the do-nothing case, Option 1. Note that other pairwise 
comparisons are unnecessary. The option that yields the highest INPV is chosen. The reason that the INPV gives the best option 
directly is because by knowing i and n, each dollar of incremental investment is correctly accounted for in the calculation of 
INPV. Thus, if the incremental investment in going from Option A to Option B is profitable, then the INPV will be greater for 
Option B and vice versa. It should also be pointed out that by using discounting techniques, the best option has changed from 


Option 3 (in Example 10.11) to Option 2. 

Operating Cost Methods. In the previous section, yearly savings were converted to an equivalent present value using the 
present value of an annuity, and this was measured against the capital cost. An alternative method is to convert all the 
investments to annual costs using the capital recovery factor and measure them against the yearly savings. 

The needed relationship is developed from Equation (10.4), giving 

INPV/(P/A, i, n) = —PC/(P/A, i, n) + YS 

It can be seen that the capital recovery factor (A/P,i,n) is the reciprocal of the present worth factor (P/A,i,n). Substituting this 
relationship and multiplying by —1 gives -UNPV)(A/P, i, n) = (PC)(A/P, i, n) — YS 

The term on the left is identified as the Equivalent Annual Operating Cost (EAOC). Thus, 


EAOC = (PC) (A/P,i,n) -YS (10.5) 


When an acceptable rate for i and n is substituted, a negative EAOC indicates the investment is acceptable (because a negative 
cost is the same as a positive savings). Use of EAOC is demonstrated in Example 10.14. 

Example 10.14 

Repeat Example 10.13 using EAOC in place of NPV. 

Solution 

For i= 0.15 and n = 5 the value for (A/P, i, n) = 1/3.352. 

Equation (10.5) becomes 

EAOC = PC/3.352 — YS 


OptionEAOC ($/y) 
2-1 -505 

3—1 —408 

4-1 -210 

5-1 494 


The best alternative is Option 2 because it has the most negative EAOC. 
10.7 EVALUATION OF RISK IN EVALUATING PROFITABILITY 
In this section, the concept of risk in the evaluation of profitability is introduced, and the techniques to quantify it are illustrated. 


Until now, it has been assumed that the financial analysis is essentially deterministic—that is, all factors are known with 
absolute certainty. Recalling discussions in Chapter 7 regarding the relative error associated with capital cost estimates, it should 
not be surprising that many of the costs and parameters used in evaluating the profitability of a chemical process are estimates 
that are subject to error. In fact, nearly all of these factors are subject to change throughout the life of the chemical plant. The 
question then is not, “Do these parameters change?” but rather, “By how much do they change?” In Table 10.1, due to 
Humphreys [1], ranges of expected variations for factors that affect the prediction and forecasting of profitability are given. 
Table 10.1 Range of Variation of Factors Affecting the Profitability of a Chemical Process 


Factor in Profitability Analysis Probable Variation from Forecasts over 10-Year Plant Life, % 
Cost of fixed capital investment* —10 to +25 
Construction time —5 to +50 
Startup costs and time —10 to +100 
Sales volume —50 to +150 
Price of product —50 to +20 
Plant replacement and maintenance costs —10 to +100 
Income tax rate =5 to +15 
Inflation rates —10 to +100 
Interest rates —50 to + 50 
Working capital —20 to +50 
Raw material availability and price —25 to +50 
Salvage value —100 to +10 
Profit —100 to +10 


*For capital cost estimations using CAPCOST, a more realistic range is —20 to +30%. 

(From Jelen’s Cost and Optimization Engineering, 3rd ed., by K. K. Humphreys (1991), reproduced by permission of the 
McGraw-Hill Companies, Inc.) 

The most important variable in Table 10.1 is sales volume, with the price of product and raw material being a close second. 
Clearly, if market forces were such that it was possible to sell (and hence produce) only 50% of the originally estimated amount 
of product, then profitability would be affected greatly. Indeed, the process would quite possibly be unprofitable. The problem is 


that projections of how the variables will vary over the life of the plant are difficult (and sometime impossible) to estimate. 
Nevertheless, experienced cost estimators often have a feel for the variability of some of these parameters. In addition, 
marketing and financial specialists within large companies have expertise in forecasting trends in product demand, product 
price, and raw material costs. In the next section, the effect that supply and demand have on the sales price of a product is 
investigated. Following this, methods to quantify risk and to predict the range of profitability that can be expected from a 
process, when uncertainty exists in some of the profitability parameters listed in Table 10.1, will be discussed. 

10.7.1 Forecasting Uncertainty in Chemical Processes 

In order to be able to predict the way in which the factors in Table 10.1 vary, it is necessary to take historical data along with 
information about new developments to formulate a model to predict trends in key economic parameters over the projected life 
of a process. This prediction process is often referred to as forecasting and is, in general, a very inexact science. The purpose of 
this section is to introduce some concepts that must be considered when quantifying economic projections. A detailed 
description of the art of economic forecasting is way beyond the scope of this text. Instead, the basic concepts and factors 
influencing economic parameters are introduced. 

Supply and Demand Concepts in Chemical Markets. Economists use microeconomic theory [2] to describe how changes in 
the supply of and demand for a given product are affected by changes in the market. Only the most basic supply and demand 
curves, shown in Figure 10.7, are considered here. 
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Figure 10.7 Simple Supply and Demand Curves for Product X 

The demand curve (on the left) slopes downward and shows the general trend that as the price for commodity X decreases, the 
demand increases. With very few exceptions, this is always true. Examples of chemical products following this trend are 
numerous; for example, as the price of gasoline, polyethylene, or fertilizer drops, the demand for these goods increases (all other 
factors remaining constant). The supply curve (shown on the right) slopes upward and shows the trend that as the price rises, the 
amount of product X that manufacturers are willing to produce increases. The slope of the supply curve is often positive but 
may also be negative depending on the product. For most chemical products, it can be assumed that the slope is positive, and 
with all other factors remaining constant, the quantity supplied increases as the price for the product increases. Unlike physical 
laws that govern thermodynamics, heat transfer, and so on, these trends are not absolute. Instead, these trends reflect human 
nature relating to buying and selling of goods. 

When market forces are in equilibrium, the supply and demand for a given product are balanced, and the equilibrium price (Peq) 
is determined by the intersection of the supply and demand curves, as shown in Figure 10.8. 
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Figure 10.8 Illustration of Market Equilibrium for Product X 
There are many factors that can affect the market for product X. Indeed, a market may not be in equilibrium, and, in this case, 
the market price must be determined in terms of rate equations as opposed to equilibrium relationships. However, for the sake of 
this simplified discussion, it will be assumed that market equilibrium is always reached. If something changes in the market, 
either the supply or demand curve (or both) will shift, and a new equilibrium point will be reached. As an example, consider the 
situation when a large new plant that produces X comes on line. Assuming that nothing else in the market changes, the supply 
curve will be shifted downward and to the right, which will lead to a lower equilibrium price. This situation is illustrated in 
Figure 10.9. The intersection of the demand curve and the new supply curve gives rise to the new equilibrium price, Peg,2, which 
is lower than the original equilibrium price, Peq,1- The magnitude of the decrease in the equilibrium price depends on the 
magnitude of the downward shift in the supply curve. If the new plant is large compared with the total current manufacturing 
capacity for product X, then the decrease in the equilibrium price will be correspondingly large. If this decrease in price is not 
taken into account in the economic analysis, the projected profitability of the new project will be overestimated, and the decision 
to invest might be made when the correct decision would be to abandon the project. 
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Figure 10.9 Illustration of Market Equilibrium for Product X When a New Plant Comes on Line 
The situation is further complicated when competing products are considered. For example, if product Y can be used as a 
substitute for product X in some applications, then factors that affect Y will also affect X. It is easy to see that quantifying and 
predicting changes become very difficult. Torries [3] identifies important factors that affect both the shape and relative location 
of the supply and demand curves. These factors are listed in Table 10.2. 
Table 10.2 Factors Affecting the Shape and Relative Location of the Supply and Demand Curves 
Factors Influencing Supply Factors Influencing Demand 
Cost and amount of labor Price of the product 
Cost and amount of energy Price of all substitute products 


Cost and amount of raw material Consumer disposable income 
Cost of fixed capital (interest rates) and amount of fixed capital Consumer tastes 
Other miscellaneous factors Manufacturing technology 

Other miscellaneous factors 
(From Torries, T. F., Evaluating Mineral Projects: Applications and Misconceptions, by permission of SME, Littleton, CO, 
1998; www.smenet.org) 
In order to forecast accurately the prices of a product over a 10-or 15-year project, the factors in Table 10.2 need to be predicted. 
Clearly, even for the most well-known and stable products, this can be a daunting task. An alternative method to quantifying the 
individual supply and demand curves is to look at historical data for the product of interest. 
The examination of historical data is a convenient way to obtain general trends in pricing. Such data represent the change in 
equilibrium price for a product with time. Often such data fluctuate widely, and although long-term trends may be apparent, 
predictions for the next one or two years will often be wildly inaccurate. For example, consider the data for average gasoline 
prices over the period January 1995 to June 2016, as shown in Figure 10.10. The straight line is a regression through the data 
and represents the best linear fit of the data. If this were the forecast for gasoline prices over this period, it would be a 
remarkably good prediction. However, even with this predicting line, significant variations in actual product selling price are 
noted. The maximum positive and negative deviations are +75¢/gal (+30%) and —45¢/gal (—24%). To illustrate further the effect 
of these deviations on profitability calculations, consider a new refinery starting production in late 2012. For this new plant, the 
selling price for its major product (gasoline) over the four-year period after startup drops by $1.45/gal. If this refinery were 
contracted to buy crude oil at a price fixed previously, then the profitability of the plant over this initial four-year period would 


be severely diminished and it would probably lose money. 
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Figure 10.10 Average Price of All Grades of Gasoline over the Period January 1995 to June 2016 (from www.eia.doe.gov) 
From the brief discussion given above, it is clear that predicting or forecasting future prices for chemical products is a very 
inexact and risky business. Perhaps it is best summed up by a quote attributed to “baseball philosopher” Yogi Berra [4]: 
“It’s tough to make predictions, especially about the future.” 
In the following section, it will be assumed that such predictions are available and will be used as given, known quantities. The 
question then is how much meaning can be placed on the results of these predictions when the input data—the basic variability 
of the parameters—is often poorly known. The answer is that by investigating and looking at how these parameters affect 
profitability, a better picture of how this variability or uncertainty affects the overall profitability of a project can be obtained. In 
general, this type of information is much more useful than the single-point estimate of profitability that has been considered up 


to this point. 

10.7.2 Quantifying Risk 

It should be noted that the quantification of risk in no way eliminates uncertainty. Rather, by quantifying it, a better feel can be 
developed for how a project’s profitability may vary. Therefore, more informed and rational decisions regarding whether to 
build a new plant can be made. However, the ultimate decision to invest in a new chemical process always involves some 


element of risk. 

Scenario Analysis. Returning to Example 10.1 regarding the profitability analysis for a new chemical plant, assume that, as the 
result of previous experience with similar chemicals and some forecasting of supply and demand for this new product, it is 
believed that the product price may vary in the range -20% to +5%, the capital investment may vary between —20% and +30%, 
and the cost of manufacturing may vary in the range -10% to +10%. How can these uncertainties be quantified? 

One way to quantify uncertainty is via a scenario analysis. In this analysis, the best-and worst-case scenarios are considered 
and compared with the base case, which has already been calculated. The values for the three parameters for the two cases are 
given in Table 10.3. 

Table 10.3 Values for Uncertain Parameters for the Scenario Analysis (All $ Figures in Millions) 

Parameter Worst Case Best Case 

Revenue, R —20% = ($75)(0.8) = $60 +5% = ($75)(1.05) = $78.75 

Cost of manufacture, COMd+10% = ($30)(1.1) = $33 —10% = ($30)(0.9) = $27 

Capital investment, FCIL +30% = ($150)(1.3) = $195—20% = ($150)(0.8) = $120 

Next, these values are substituted into the spreadsheet shown in Table E10.1, and all the cash flows are discounted back to the 
start of the project to estimate the NPV. The results of these calculations are shown in Table 10.4. 

Table 10.4 Net Present Values (NPVs) for the Scenario Analysis (All $ Figures in Millions) 

Case Net Present Value 

Worst Case—$59.64 

Base Case $17.12 

Best Case $53.62 

The results in Table 10.4 show that, in the worst-case scenario, the NPV is very negative and the project will lose money. In the 
best-case scenario, the NPV is increased over the base case by approximately $35 million. From this result, the decision on 
whether to go ahead and build the plant is not obvious. On one hand, the process could be highly profitable, but on the other 
hand, it could lose nearly $60 million over the course of the ten-year plant life. By taking a very conservative philosophy, the 
results of the worst-case scenario suggest a decision of “do not invest.” However, is the worst-case scenario realistic? Most 
likely, the worst-case (best-case) scenario is unduly pessimistic (optimistic). Consider each of the three parameters in Table 
10.3. It will be assumed that the value of the parameter has an equal chance of being at the high, base-case, or low value. 
Therefore, in terms of probabilities, the chance of the parameter taking each of these values is 1/3, or 33.3%. Because there are 
three parameters (R, FCI, and COM,), each of which can take one of three values (high, base case, low), there are 3? = 27 
combinations as shown in Table 10.5. 

Table 10.5 Possible Combinations of Values for Three Parameters 

ScenarioR* COM,*FCI,*Probability of Occurrence 

1 —20% -10% -20% (1/3)(1/3)(1/3) = 1/27 
2 —20% -10% 0% 

3 -20% -10% +30% 

4 —20% 0% —20% 

5 —20% 0% 0% 

6 —20% 0% +30% 

7 —20% +10% -20% 


8 -20% +10% 0% 
9 (worst)—20%+10% +30% 
10 0% =10% -20% 
11 0% -10% 0% 
12 0% =10% +30% 
13 0% 0% —20% 
14 (base)0% 0% 0% 
15 0% 0% +30% 
16 0% +10% -20% 
17 0% +10% 0% 
18 0% +10% +30% 
19 (best) +5% -10% -20% 
20 +5% -10% 0% 


21 +5% -10% +30% 


22 +5% 0% —20% 


23 +5% 0% 0% 

24 +5% 0% +30% 

25 +5% +10% -20% 

26 +5% +10% 0% 

27 +5% +10% +30% (1/3)(1/3)(1/3) = 1/27 


*0% refers to the base-case value. 

From Table 10.5, it can be seen that Scenario 9 is the worst case and Scenario 19 is the best case. Either of these two cases has a 
1 in 27 (or 3.7%) chance of occurring. Based on this result, it is not very likely that either of these scenarios would occur, so 
care should be taken in evaluating the scenario analysis. This is indeed one of the main shortcomings of the scenario analysis 
[2]. In reviewing Table 10.5, a better measure of the expected profitability might be the weighted average of all 27 possible 
outcomes. The idea of weighting results based on the likelihood of occurrence is the basis of the probabilistic approach to 
quantifying risk that will be discussed shortly. However, before looking at that method, it is instructive to determine the 
sensitivity of the profitability of the project to changes in important parameters. Sensitivity analysis is covered in the next 
section. 

Sensitivity Analysis. To a great extent, the risk associated with the variability of a given parameter is dependent on the effect 
that a change in that parameter has on the profitability criterion of interest. For the sake of this discussion, the NPV will be used 
as the measure of profitability. However, this measure could just as easily be the DCFROR, DPEP, or any other profitability 
criterion discussed in Section 10.2. If it is assumed that the NPV is affected by n parameters (x1, X2, X3, ..., Xn), then the first- 
order sensitivity to parameter x; is given in mathematical terms by the following quantity: 


Ə (NPV) 
= | <Á 10.6 
a | Ox, —_ In l ) 


where the partial derivative is taken with respect to x,, while holding all other parameters constant at their mean value. The 
sensitivity, S4, is sometimes called a sensitivity coefficient. In general, this quantity is too complicated to obtain via analytical 
differentiation; hence, it is obtained by changing the parameter by a small amount and observing the subsequent change in the 
NPV, or 


Si = | (10.7) 
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In Example 10.15, Example 10.1 is revisited to illustrate how the sensitivities of the revenue, cost of manufacturing, and fixed 

capital investment on the NPV are calculated. 

Example 10.15 

For the chemical process considered in Example 10.1, calculate the sensitivity of R, COMg, and FCI; and plot these sensitivities 

with respect to the NPV. 

Solution 

The effect of a 1% change is considered (’2% on either side of the base case) in each parameter on the NPV. These results are 

shown in Table E10.15. 

Table E10.15 Calculations for Sensitivity Analysis for Example 10.1 (All $ Figures Are in Millions) 

Parameter Value NPV Value NPV S; 


X1 +0.5% =0.5% (18.17—16.07) 21 

18.17 16.07 = 21 = 2.80 
(Revenue, R\($75.375/y) 1817 ($74.625/y) 160" (75.875—74.625) 0.75 y 
x2 +0.5% —0.5% (16.70—17.54) —0.84 

16.70 17,545) a — _9 99 
(COM)  (830.150/y) 6 °¢g09.gso/yy >t 34 (a0.15—29.85) ~ 0.30 y 
X3 +0.5% —0.5% (16.68—17.56) —0.88 

16. 17.562 = 088 — 9.59 
(FCI;) ($150.75) $ 6-68 $149.25) $17.56 (150.75—149.25) 1.50 y 


The fact that S4 =—S> should not be surprising because, in the calculation of yearly cash flows, whenever R appears COM, is 
subtracted from it (see Table E10.1). The changes in NPV for percent changes in each parameter are illustrated in Figure 
E10.15. The slopes of the lines are not equal to the sensitivities, because the x-axis is the percent change rather than the actual 
change in the parameter. 
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Figure E10.15 Sensitivity Curves for the Parameters Considered in Example 10.15 
How can the sensitivity values calculated in Example 10.15 be used to estimate changes in the profitability criterion of the 
process? For small changes in the parameters, it may be assumed that the sensitivities are constant and can be added. Therefore, 
the change in NPV can be predicted for a set of changes in the parameters using the relationship in Equation (10.8): 


ANPV = Sı Az; + S2 Az. +... + S,Azrn (10.8) 


Example 10.16 illustrates this concept. 

Example 10.16 

What is the change in the NPV for a 2% increase in revenue coupled with a 3% increase in FCI;,? 
Solution 

Using Equation 10.8 and the results from Example 10.15 gives 


ANPV = S, Azı + S2 Azz + S3Azx3 = (2.80)(0.02)(75) — (2.80)(0) — (0.59) (0.03) (150) 
= $1.545million 


A Probabilistic Approach to Quantifying Risk: The Monte-Carlo Method. The basic approach adopted here will involve the 
following steps: 

All parameters for which uncertainty is to be quantified are identified. 

Probability distributions are assigned for all parameters in Step 1. 

A random number is assigned for each parameter in Step 1. 

Using the random number from Step 3, the value of the parameter is assigned using the probability distribution (from Step 2) for 
that parameter. 

Once values have been assigned to all parameters, these values are used to calculate the profitability (NPV or other criterion) of 
the project. 

Steps 3, 4, and 5 are repeated many times (for example, 1000). 

A histogram and cumulative probability curve for the profitability criteria calculated from Step 6 are created. 

The results of Step 7 are used to analyze the profitability of the project. 

The algorithm described in this eight-step process is best illustrated by means of an example. However, before these steps can 
be completed, it is necessary to review some basic probability theory. 

Probability, Probability Distribution, and Cumulative Distribution Functions. A detailed analysis and description of 
probability theory are beyond the scope of this book. Instead, some of the basic concepts and simple distributions are presented. 
The interested reader is referred to Resnick [5], Valle-Riestra [6], and Rose [7] for further coverage of this subject. 

For any given parameter for which uncertainty exists (and to which some form of distribution will be assigned), the uncertainty 
must be described via a probability distribution. The simplest distribution to use is a uniform distribution, which is illustrated in 


Figure 10.11. 
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Figure 10.11 Uniform Probability Density Function 
From Figure 10.11, the parameter of interest can take on any value between a and b with equal likelihood. Because the uniform 
distribution is a probability density function, the area under the curve must equal 1, and hence the value of the frequency (y- 
axis) is equal to 1/(b—a). The probability density function can be integrated to give the cumulative probability distribution, 
which for the uniform distribution is given in Figure 10.12. 
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Figure 10.12 Cumulative Probability Distribution for a Uniform Probability Density Function 
Figure 10.12 is interpreted by realizing that the probability of the parameter being less than or equal to x is P. Alternatively, a 
random, uniformly distributed value of the parameter can be assigned by choosing a random number in the range 0 to 1 (on the 
y-axis) and reading the corresponding value of the parameter, between a and b, on the x-axis. For example, if the random 
number chosen is P, then, using Figure 10.12, the corresponding value of the parameter is x. Clearly, the shapes of the density 
function and the corresponding cumulative distribution influence the values of the parameters that are used in the eight-step 
algorithm. Which probability density function should be used? Clearly, if frequency occurrence data for a given parameter are 
available, the distribution can be constructed. However, complete information about the way in which a given parameter will 
vary is often not available. The minimum data set would be the most likely value (b), and estimates of the highest (c) and lowest 
(a) values that the parameter could reasonably take. With this information, a triangular probability density function or 
distribution, shown in Figure 10.13, can be constructed. The corresponding cumulative distribution is shown in Figure 10.14. 
The equations describing these distributions are as follows: 
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Figure 10.13 Probability Density Function for Triangular Distribution 
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Figure 10.14 Cumulative Probability Function for Triangular Distribution 
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Clearly, any probability density function and corresponding cumulative probability distribution could be used to describe the 
uncertainty in the data. Trapezoidal, normal, lognormal, and so on, are used routinely to describe uncertainty in data. However, 
for simplicity, the following discussions are confined to triangular distributions. The eight-step method for quantifying 
uncertainty in profitability analysis is illustrated next. 
Monte-Carlo Simulation. The Monte-Carlo (M-C) method is simply the concept of assigning probability distributions to 
parameters, repeatedly choosing variables from these distributions, and using these values to calculate a function dependent on 
the variables. The resulting distribution of calculated values of the dependent function is the result of the M-C simulation. 
Therefore, the eight-step procedure is simply a specific case of the M-C method. Each of the eight steps is illustrated using the 
example discussed previously in the scenario analysis. 
Step 1: All the parameters for which uncertainty is to be quantified are identified. Returning to Example 10.1, historical 
data suggest that there is uncertainty in the predictions for revenue (R), cost of manufacturing (COM,), and fixed capital 


investment (FC/;). 

Step 2: Probability distributions are assigned for all parameters in Step 1. All the uncertainties associated with these 
parameters are assumed to follow triangular distributions with the properties given in Table 10.6. 

Table 10.6 Data for Triangular Distributions for R, COM,, and FCI; (All $ Figures are in Millions) 


Parameter Minimum Value (a) Most Likely Value (b)Maximum Value (c) 
Revenue, R $60.0/y $75.0/y $78.75/y 

Cost of manufacturing, COM, $27.0/y $30.0/y $33.0/y 

Fixed capital investment, FC7,$120.0 $150.0 $195.0 


Step 3: A random number is assigned for each parameter in Step 1. First, random numbers between 0 and 1 are chosen for 
each variable. The easiest way to generate random numbers is to use the Rand() function in Microsoft’s Excel program or a 
similar spreadsheet. Tables of random numbers are also available in standard math handbooks [8]. 

Step 4: Using the random number from Step 3, the value of the parameter is assigned using the probability distribution 
(from Step 2) for that parameter. With the value of the random number equal to the right-hand side of Equation (10.10) and 
using the corresponding values of a, b, and c, this equation is solved for the value of x. The value of x is the value of the 
parameter to use in the next step. Table 10.7 illustrates this procedure for R, COM,, and FCI}. 

Table 10.7 Illustration of the Assignment of Random Values to the Parameters R, COM,, and FCT, (All $ Figures Are in 


Millions) 

Parameter Random NumberRandom Value of ParameterNPV 
Revenue (R) 0.3501 $69.92/y 

Cost of manufacturing (COM,) 0.6498 $30.49/y $-15.60 
Fixed capital investment (F'CI,)0.9257 $179.16 


To illustrate how the random values for the parameters are obtained, consider the calculation for COM ,. The number 0.6498 was 
chosen at random from a uniform distribution in the range 0-1 using Microsoft’s Excel spreadsheet. This number, along with 
values of a = 27, b = 30, and c = 33, are then substituted for P(x) in Equation (10.10) to give 


_ («—27)” __ (2-27? 
0.6498 = (83—27)(30—27) = 18 forz < b 
= (30—27) (x—30)(2(33)—x—30) _ (a—30)(36—2) 
0.6498 = (83—27) ~~ (33—27)(33-30) = 0.5 + ~; forg > b 


From Equation (10.10), the P(x) value for x = b is given by 


(30 — 27) 9 


ee Rl Se ene sy | 3 
(33 — 27) (30 — 27) 18 


P(x = 30) = 


Because the value of the random number (0.6498) is greater than 0.5, the form of the equation for x > b must be used. Solving 
for x yields 


0.6498 = 0.5 + © Gs) 


az” — 66x + 1082.6964 = 0 
66+4/ (66”—(4)(1)(1082.6964) 


= ——— a ~ 33 + 2.51 = 30.49, or35.51 (impossible) 


Step 5: Once values have been assigned to all parameters, these values are used to calculate the profitability (NPV or 
other criterion) of the project. The spreadsheet given in Table E10.1 was used to determine the NPV using the values given in 
Table 10.7. The NPV is also shown in Table 10.7. 

Step 6: Steps 3, 4, and 5 are repeated many times (say, 1000). For the sake of illustration, Steps 3, 4, and 5 were repeated 20 
times to yield 20 values of the NPV. These results are summarized in Table 10.8. 

Step 7: A histogram or cumulative probability curve is created for the values of the profitability criterion calculated 
from Step 6. Using the data from Table 10.8, a cumulative probability curve is constructed. To do this, the data are ordered 
from lowest (—28.20) to highest (28.27), and the cumulative probability of the NPV being less than or equal to the value on the 
x-axis is plotted. The results are shown in Figure 10.15. The dashed line simply connects the 20 data points for this simulation. 
This line shows several bumps that are due to the small number of simulations. The solid line represents the data for 1000 
simulations, and it can be seen that this curve is essentially smooth. The 1000-point simulation was carried out using the 


CAPCOST software accompanying the text. The use of the software is addressed at the end of this section. 
Table 10.8 Results of the 20-Point Monte-Carlo Simulation 
RunRand (1)R($/y)Rand (2)COM ($/y)Rand (3)FCI,($)NPV($) 


1 0.3501 69.92 0.6498 30.49 0.9257 179.16 —15.60 
2 0.4063 70.69 0.7859 31.04 0.5531 156.16 —1.45 
3 0.8232 75.22 0.3046 29.34 0.7073 163.57 11.59 
4 0.9691 77.28 0.6164 30.37 0.8207 170.40 10.45 
5 0.4418 71.15 0.2386 29.07 0.7273 164.66 —0.34 
6 0.7170 74.20 0.9794 32.39 0.8313 171.14 —4.23 
7 0.5626 72.58 0.8368 31.29 0.8891 175.65 —8.84 
8 0.9854 77.74 0.1836 28.82 0.8136 169.92 16.34 
9 0.8200 75.19 0.7440 30.85 0.5268 155.04 12.31 
10 0.6319 73.33 0.1320 28.54 0.3863 149.48 16.84 
11 0.1712 66.94 0.9465 32.02 0.0406 129.56 0.99 
12 0.4966 71.82 0.3921 29.66 0.5993 158.23 4.34 
13 0.2781 68.84 0.1474 28.63 0.7533 166.14 -5.76 
14 0.2312 68.06 0.4187 29.75 0.5165 154.60 —4.27 
15 0.5039 71.90 0.0042 27.28 0.5681 156.82 12.04 
16 0.2184 67.84 0.8629 31.43 0.5107 154.36 -9.44 
17 0.7971 74.97 0.3452 29.49 0.0789 133.32 28.27 
18 0.2068 67.63 0.7975 31.09 0.9803 186.85 -28.20 
19 0.8961 76.05 0.5548 30.17 0.1497 138.35 26.43 
20 0.4201 70.87 0.2047 28.92 0.5713 156.96 4.50 
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Figure 10.15 Cumulative Probability of NPV for Monte-Carlo Simulation 
Step 8: The results of Step 7 are used to analyze the profitability of the project. From Figure 10.15, it can be seen that there 
is about a 38% chance that the project will not be profitable. The median NPV is about $5 million, and only about 21% of the 
values calculated lie above $17.12 million, which is the NPV calculated for the base case, using the most likely values of R, 
COM,, and FCT. 
Another way that the data from an M-C analysis can be used is in the comparison of alternatives. For example, consider two 
competing projects, A and B. A probabilistic analysis of both these projects yields the data shown in Figure 10.16. If only the 
median profitability is considered, corresponding to a cumulative probability of 0.5, then it might be concluded that Project A is 
better. Indeed, over a wide range of probabilities Alternative A gives a higher NPV than Alternative B. However, this type of 
comparison does not give the whole picture. By looking at the low end of NPV predictions, it is found that Project A has a 17% 
chance of returning a negative NPV compared with Project B, which is predicted to have only a 2% chance of giving a negative 


NPV. Clearly, the choice regarding Projects A and B must be made taking into account both the probability of success and the 
magnitude of the profitability. The Monte-Carlo analysis allows a far more complete financial picture to be painted, and the 


decisions from such information will be more profound having taken more information into account. 
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Figure 10.16 A Comparison of the Profitability of Two Projects Showing the NPV with Respect to the Estimated Cumulative 
Probability from a Monte-Carlo Analysis 
Evaluation of the Risks Associated with Using New Technology. To this point, risks associated with predicting the items 
listed in Table 10.1 have been considered. For example, predictions for the variations associated with the cost of the plant, the 
cost of manufacturing, and the revenue generated by the plant were made. Then, by using the M-C technique, the relationship 
given in Figure 10.15 was generated. For processes using new technology, additional risks will be present, but these risks may 
be impossible to quantify in terms of the parameters given in Table 10.1. One way to take this additional risk into account is to 
assign a higher acceptable rate of return for projects using new technology compared with those using mature technologies. The 
effect of using a higher discount rate is to move the curve in Figure 10.15 to the left. This is illustrated in Figure 10.17. From 
this figure, it is apparent that if an acceptable rate of return is 15% p.a., then the project is not acceptable, whereas at a rate of 
10% p.a. the project looks quite favorable. It can be argued that using a higher hurdle rate for new processes is unnecessary, 
because, for a new project, there will be greater ranges in the predictions of the variables, and this automatically makes the 
project using new technology “riskier,” as the effect of broader ranges for variables is to flatten the NPV-probability curve. 
However, it may be impossible to estimate the effect of the new technology on, for example, the cost of manufacturing or the 
acceptance of a new product in the market. By specifying a higher acceptable rate of return on the investment for these projects, 
the interpretation between projects using new and old technologies is clear and unambiguous. 
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Figure 10.17 The Effect of Interest (Hurdle) Rate on Monte-Carlo Simulations 
Monte-Carlo Analysis Using CAPCOST. The CAPCOST program introduced in Chapter 7 includes spreadsheets for 


estimating the cash flows of a project and the evaluation of profitability criteria such as NPV and DCFROR. In addition, a 
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Monte-Carlo simulation has also been included that allows the following variables to be investigated: 

FCI, 

Price of product 

Working capital 

Income tax rate 

Interest rate 

Raw material price 

Salvage value 

By specifying the ranges over which these terms are likely to vary, a Monte-Carlo analysis for a given problem can be achieved. 
Distributions of criteria such as NPV and DPBP are automatically given. The reader should consult the help file on the website 


for a tutorial on the use of this software. 
10.8 PROFIT MARGIN ANALYSIS 
All the techniques that have been discussed in this chapter use the fixed capital cost and the operating costs to evaluate the 


profitability of a process. Clearly, the accuracy of such predictions depends on the accuracy of the estimates for the different 
costs. When screening alternative processes, it is sometimes useful to evaluate the difference between the revenue from the sale 
of products and the cost of raw materials. This difference is called the profit margin or sometimes just the margin. 


Profit Margin = X(Revenue Products) — (Cost of Raw Materials) (10.11) 


If the profit margin is negative, the process will never be profitable. This is because no capital cost, utility costs, and other 
ancillary operating costs have been taken into account. A positive profit margin does not guarantee that the process will be 
profitable but does suggest that further investigation may be warranted. Therefore, the profit margin is a useful, but limited, tool 
for the initial screening of process alternatives. This is illustrated in Example 10.17. 

Example 10.17 

Consider the maleic anhydride process shown in Appendix B.5. Estimate the profit margin for this process using the costs of 
raw materials and products from Table 8.4. 

Solution 

From Tables 8.4 and B.5.1 the following flowrates and costs are found: Cost of benzene = $1.196/kg 

Cost of maleic anhydride = $1.543/kg 

Feed rate of benzene to process (Stream 1, Figure B.5.1) = 3304 kg/h 

Product rate of maleic anhydride (Stream 13, Figure B.5.1) = (24.8)(98.058) = 2432 kg/h 

Profit Margin = (2432)(1.543) — (3304)(1.196) = — $199.01/h or — $199.01/(2432) = — $0.082/kg of maleic anhydride 


Clearly, from an analysis of the profit margin, further investigation of the maleic anhydride process is not warranted. 

10.9 SUMMARY 

In this chapter, the basics of profitability analysis for projects involving large capital expenditures were covered. The concepts 
of nondiscounted and discounted profitability criteria were introduced, as were the three bases for these criteria: time, money, 
and interest rate. 

How to choose the economically optimum piece of equipment among a group of alternatives using the capitalized cost, the 
equivalent annual operating cost, and the common denominator methods was demonstrated. 

The concept of incremental economic analysis was introduced and applied to an example involving large capital budgets and 
also to a retrofit project. It was shown that both the net present value (NPV) and the equivalent annual operating cost (EAOC) 
methods were particularly useful when comparing alternatives using discounted cash flows. 

Finally, the concept of assigning probabilities to variables in order to quantify risk was discussed. The Monte-Carlo technique 
was introduced, and its application to simulate the cumulative distribution of net present values of a project was described. The 
interpretation of results from this technique was presented. Finally, the simulation of risk and the analysis of data using the 
CAPCOST package was illustrated by an example. 

WHAT YOU SHOULD HAVE LEARNED 

There are discounted (including the time value of money) and nondiscounted methods (which do not include the time value of 
money) for estimating profitability, which may give different results. 

There are time-based, cash-based, and interest-rate-based methods for estimating profitability, which usually give the same 
result within the same discounted or nondiscounted category. 

Incremental analysis is needed when comparing alternatives that require different amounts of capital expenditures. 

NPV, EAOC, and DCFROR tend to give the most reliable results. 

Monte-Carlo analysis can be used to include the effect of parameter uncertainty in the NPV, EAOC, and DCFROR. 
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SHORT ANSWER QUESTIONS 

1. The evaluation of a project requiring a large capital investment has yielded an NPV (net present value) of $20 x 10°. If the 
internal hurdle rate for this project was set at 10% p.a., will the DCFROR (discounted cash flow rate of return) be greater or less 
than 10%? Explain. 

2. The following are results of a recent evaluation of two projects. Which would you choose? Defend your choice. Your 
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opportunity cost for capital is 15%. 
NPV DCFROR 
Project A10 55% 
Project B10,00016% 
3. Explain the concept of an incremental economic analysis. 
4. When comparing two pieces of equipment for a given service, if each piece of equipment has the same life and each costs the 
same, would the amount of maintenance required for the equipment be an important factor? Why? 
5. What economic criterion would you use to choose the best piece of equipment among three alternatives, each with a different 
operating cost, capital cost, and equipment life? 
6. Do you agree with the statement “Monte-Carlo simulation enables the design engineer to eliminate risk in economic 
analysis”? Please explain your answer. 


7. In evaluating a large project, what are the advantages and disadvantages of probabilistic analysis? 
PROBLEMS 
For the following problems, unless stated otherwise, you may assume that the cost of land, L, and the salvage value, S, of the 


plant are both zero. 

8. The projected costs for a new plant are given below (all numbers are in $10°). 

Land cost = $7.5 

Fixed capital investment = $120 ($60 at end of year 1, $39.60 at end of year 2, and $20.40 at end of year 3) 


Working capital = $35 (at startup) 

Startup at end of year 3 

Revenue from sales = $52 

Cost of manufacturing (without depreciation) = $18 

Tax rate = 40% 

Depreciation method = MACRS over 5 years 

Length of time over which profitability is to be assessed = 10 years after startup 

Internal rate of return = 9.5% p.a. 

For this project, do the following: 

Draw a cumulative (nondiscounted) after-tax cash flow diagram. 

From Part (a), calculate the following nondiscounted profitability criteria for the project: 
Cumulative cash position and cumulative cash ratio 

Payback period 

Rate of return on investment 

Draw a cumulative (discounted) after-tax cash flow diagram. 

From Part (c), calculate the following discounted profitability criteria for the project: 

Net present value and net present value ratio 

Discounted payback period 

Discounted cash flow rate of return (DCFROR) 

9. Repeat Problem 10.8 using a straight-line depreciation method over 7 years. Compare the results with those obtained in 
Problem 10.8. Which depreciation method would you use? 

10. The following expenses and revenues have been estimated for a new project: 
Revenues from sales = $4.1 x 10°/y 

Cost of manufacturing (excluding depreciation) = $1.9 x 10°%/y 

Taxation rate = 40% 

Fixed capital investment = $7.7 x 10° 

(two payments of $5 x 10° and $2.7 x 10° at the end of years 1 and 2, respectively) 
Startup at the end of year 2 

Working capital = $2 x 10° at the end of year 2 

Land cost = $0.8 x 10° at the beginning of the project (time = 0) 

Project life (for economic evaluation) = 10 y after startup 

For this project, estimate the NPV of the project assuming an after-tax internal hurdle rate of 11% p.a., using the following 
depreciation schedules: 

MACRS method for 5 years 

Straight-line depreciation with an equipment life (for depreciation) of 9.5 years 
Comment on the effect of discounting on the overall profitability of large capital projects. 
11. In reviewing current operating processes, the company accountant has provided you with the following information about a 
small chemical process that was built ten years ago. 

Capital investment = $30 x 10° ($10 x 10° at the end of year 1, $15 x 10° at the end of year 2, $5 x 10° at the end of year 3. 
Working capital = $10 x 10°) 

Year after StartupYearly After-Tax Cash Flow ($10°/y) 

7.015 

6.206 

6.295 

6.852 

6.859 

7.218 

5.954 

5.459 

5.789 

10 5.898 

Over the last ten years, the average (after-tax) return on investment that nonprocess projects have yielded is 10%. 
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What is the DCFROR for this project over the last 12 years? (Ignore land and working capital costs.) 
In retrospect, was the decision to build this plant a good one? 


12. The after-tax cash flows for a new chemical process are shown in Table P10.12. Using these data, calculate the following: 
Payback period (PBP) 

Cumulative cash position (CCP) and cumulative cash ratio (CCR) 

Rate of return on investment (ROROT) 

Discounted payback period (DPBP) 

Net present value (NPV) 

Discounted cash flow rate of return (DCFROR) 

Table P10.12 Nondiscounted Cash Flow Calculations for Problem 10.12 (All Figures Are in $Millions) 


End of Capital Depreciation Revenue from Total Annual Net Income Net Profit After-Tax Cash 
Year Investment Allowance Sales Costs Profit Tax after Tax Flow 
0 (10) = == = — (10) 

1 (25) — — -— (25) 
2 (20) — — — (20) 
3 (15+205İ — — — (35) 
4 8.57 60 50 10 0.54 0.89 9.46 
5 — 8.57 120 92 28 7.38 12.05 20.62 
6 — 8.57 120 47 73 24.48 39.95 48.52 
7 — 8.57 120 50 70 23.34 38.09 46.66 
8 — 8.57 120 60 60 19.54 31.89 40.46 
9 — 8.57 120 51 69 22.96 37.47 46.04 
10 — 8.57 120 40 80 27.14 44.29 52.86 
11 — — 120 40 80 30.40 49.60 49.60 
12 — 120 40 80 30.40 49.60 49.60 
13 30 — 120 40 80 30.40 49.60 79.60 


*Numbers in () represent negative values. 

**Land cost = 10. 

{Plant started up at end of year 3. 

tWorking capital = 15. 

Use a 10% discount rate for Parts (d) and (e). 

13. From the data given in Table P10.12, determine the following information regarding the calculations performed for this 
analysis: 

What taxation rate was assumed? 

What was the total fixed capital investment? 

What method of depreciation was used? 

What was the cost of manufacturing, not including depreciation? 

14. Consider the following two new chemical plants, each with an initial fixed capital investment (year 0) of $15 x 10°. Their 
cash flows are as follows: 

YearProcess 1 ($million/y)Process 2 ($million/y) 


1 3.0 5.0 
2 80 5.0 
3 7.0 5.0 
4 50 5.0 
5 2.0 5.0 


Calculate the NPV of both plants for interest rates of 6% and 18%. Which plant do you recommend? Explain your results. 
Calculate the DCFROR for each plant. Which plant do you recommend? 

Calculate the nondiscounted payback period (PBP) for each plant. Which plant do you recommend? 

Explain any differences in your answers to Parts (a), (b), and (c). 

15. In a design, you have the choice of purchasing one of the following batch reactors: 


Costs A B C 
Material of Construction CS SS Hastalloy 
Installed Cost $15,000$25,000$40,000 
Equipment Life 3y 5y 7y 


Yearly Maintenance Cost$4000 $3000 $2000 
If the internal rate of return for such comparisons is 9% p.a., which of the alternatives is least costly? 


16. Two pieces of equipment are being considered for an identical service. The installed costs and yearly operating costs 
associated with each piece of equipment are as follows: 

Costs A B 

Installed Cost $5000 $10,000 

Operating Cost $2000/y$1000/y 

Equipment Life5 y Ty 

If the internal hurdle rate for comparison of alternatives is set at 15% p.a., which piece of equipment do you recommend be 
purchased? 

Above what internal hurdle rate would you recommend Project A? 

17. Your company is considering modifying an existing distillation column. A new reboiler and condenser will be required, 
along with several other peripherals. The equipment lists are as follows: 


Option 1 

Equipment Installed Cost ($)Operating Cost ($/y)Equipment Life (y) 
Condenser 50,000 7000 10 

Reboiler 75,000 5000 15 

Reflux Pump7500 8000 10 

Reflux Drum12,500 — 10 

Piping 8000 — 15 

Valves 6500 — 10 

Option 2 

Equipment Installed Cost ($)Operating Cost ($/y)Equipment Life (y) 
Condenser 75,000 4000 15 

Reboiler 75,000 5000 15 

Reflux Pump10,500 5000 15 

Reflux Drum14,500 — 15 

Piping 8000 — 15 

Valves 6500 — 10 


The internal hurdle rate for comparison of investments is set at 12% p.a. Which option do you recommend? 

18. Because of corrosion, the feed pump to a batch reactor must be replaced every three years. What is the capitalized cost of the 
pump? 

Data: 

Purchased cost of pump = $35,000 

Installation cost = 75% of purchased cost 

Internal hurdle rate = 10% p.a. 

19. Three alternative pieces of equipment are being considered for solids separation from a liquid slurry: 


Equipment type Capital Investment ($)Operating Cost ($/y)Service Life (y) 
Rotary Vacuum Filter 15,000 3000 6 

Filter Press 10,000 5000 8 

Hydrocyclone and Centrifuge25,000 2000 10 


If the internal hurdle rate for this project is 11% p.a., which alternative do you recommend? 

20. A change in air pollution control equipment is being considered. A baghouse filter is being considered to replace an existing 
electrostatic precipitator. Consider the costs and savings for the project in the following data: 

Cost of new baghouse filter = $250,000 

Projected utility savings = $70,000/y 

Time over which cost comparison should be made = 7 years 

Internal hurdle rate = 7% p.a. 

Should the baghouse filter be purchased and installed? 

21. In considering investments in large capital projects, a company is deciding in which of the following projects it will invest: 


(All Values in $million) Project A Project BProject C 
Capital Required (in year 0) 80 100 120 
After-tax, yearly cash flow (years 1—10)11 14 16 


The company can always invest its money in stocks that are expected to yield 5.5% p.a. (after tax). In which, if any, of the 
projects should the company invest if the capital ceiling for investment is $250 million and a project life of 10 years is assumed? 
Would you argue to raise the investment ceiling? 


22. Because you live in a southern, warm-weather climate, your electricity bill is very large for about eight months of the year 
due to the need for air conditioning. You have been approached by an agency that would like to assist you in installing solar 
panels to provide electricity to run your air conditioning. You were also considering adding additional insulation to your house. 
You also have the option of doing nothing. Which of the following options would you choose based on the given data? 

Do nothing. 

Install only the solar collector. 

Install only the insulation. 

Install both the solar collector and the insulation. 

Data (all figures in $thousands) 


Purchase and installation cost of solar collector 25 
Purchase and installation of insulation 5 
Current cooling bill 2.5/y 
Expected savings from insulation alone 0.9/y 
Expected savings from solar collector alone 2.0/y 
Expected savings from insulation and solar collector 2.5/y 
Other maintenance on house 2.0/y 
Assessed value of house (2007) 300 
Interest rate of savings if do not spend money 6.5% p.a. 


Number of years assumed lifetime of insulation and solar collector15 

If there were a tax credit for installing the solar collector in the year in which it was installed, how much of a tax credit (in % of 
initial investment) would be required to make the solar collector alone a worthwhile investment? 

23. You have been asked to evaluate several investment opportunities for the biotechnology company for which you work. 
These potential investments concern a new process to manufacture a new, genetically engineered pharmaceutical. The financial 
information on the process alternatives are as follows: 


Case Capital Investment ($million) Yearly, After-Tax Cash Flow ($million/y) 
Base 75 19 

Alternative 115 3 

Alternative 225 5 

Alternative 330 7 


For the alternatives, the capital investment and the yearly after-tax cash flows are incremental to the base case. The assumed 
plant life is 12 years, and all of the capital investment occurs at time = 0. 

If an acceptable, nondiscounted rate of return on investment (ROROI) is 25% p.a., which is the best option? 

If an acceptable, after-tax, discounted rate of return is 15% p.a., which option is the best? 

24. Your company is considering investing in a process improvement that would require an initial capital investment of 
$500,000. The projected increases in revenue over the next seven years are as follows: 

YearIncremental Revenue ($thousand/y) 

100 

90 

90 

85 

80 

80 

75 

The company can always leave the capital investment in the stock portfolio, which is projected to yield 8% p.a. over the next 
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seven years. What should the company do? 

What is the break-even rate of return between the process improvement and doing nothing? 

If the capital investment could be changed without changing the incremental revenues, what capital investment changes this 
investment from being profitable (not profitable) to being not profitable (profitable)? 

25. During the design of a new process to manufacture nanocomposites, several alternative waste treatment processes are being 
considered. The base case is the main waste treatment process, and the options are modifications to the base case. Not all 
options are compatible with each other, and the economic data on the only possible combinations are as follows: 

Case Capital Investment ($million)Annual, After-Tax Cash Flow ($thousand/y) 

Base 5.0 750 

Base + option 1 5.1 770 


Base + option 1 + option 25.3 790 
Base + option 3 5.2 782 
Base + option 1 + option 35.4 810 


The nondiscounted, internal hurdle rate for investment is 14% p.a., after tax. Which waste treatment process do you 
recommend? 
26. The installation of a new heat exchanger is proposed for the batch crystallization step in an existing pharmaceutical 
manufacturing process. The heat exchanger costs $49,600 (installed) and saves $8000/y in operating costs. Is this a good 
investment based on a before-tax analysis? 
Data: 
Internal hurdle rate = 12% p.a. (after tax) 
Taxation rate = 40% 
5-year MACRS depreciation used 
Service life of heat exchanger = 12 y 
27. A process for the fabrication of microelectronic components has been designed. The required before-tax return on 
investment is 18% p.a., and the equipment life is assumed to be eight years. 

Base-Case DesignAlternative 1 Alternative 2 
Capital Investment ($million) 21 — — 


Additional Investment ($million) — 2.15 1.35 
Product Revenue ($million/y) 12 12 12 
Raw Material Costs ($million/y) 5.1 5.1 5.1 
Other Operating Costs ($million/y)0.35 0.27 0.31 


Do you recommend construction of the base-case process? 
Do you recommend including either of the process alternatives? 
Suppose there were another alternative, compatible with either of the previous alternatives, requiring an additional $3.26 million 
capital investment. What savings in operating cost would be required to make this alternative economically attractive? 
28. A new pharmaceutical plant is expected to cost (FCI) $25 million, and the revenue (R) from the sale of products is expected 
to be $10 million/y for the first four years of operation and $15 million/y thereafter. The cost of manufacturing without 
depreciation (COM) is projected to be $4 million/y for the first four years and $6 million/y thereafter. The cost of land (at the 
end of year zero) is $3 million, the working capital at startup (which occurs at the end of year 2) is $3 million, and the fixed 
capital investment is assumed to be paid out as $15 million at the end of year 1 and $10 million at the end of year 2. Yearly 
income starts in year 3, and the plant life is ten years after startup. The before-tax criterion for profitability is 17%. Assume the 
plant has no salvage value, but that the cost of land and the working capital are recovered at the end of the project life. 
Draw a labeled, discrete, nondiscounted cash flow diagram for this project. 
Draw a labeled, cumulative, discounted (to year zero) cash flow diagram for this project. 
What is the NPV for this project? Do you recommend construction of this plant? 
29. How much would you need to save annually to be willing to invest $1.75 million in a process improvement? The internal 
hurdle rate for process improvements is 18% before taxes over eight years. 
30. How much would you be willing to invest in a process improvement to save $2.25 million/y? The internal hurdle rate for 
process improvements is 15% before taxes over six years. 
31. You can invest $5.1 million in a process improvement to save $0.9 million/y. What internal hurdle rate would make this an 
attractive option? The assumed lifetime for these improvements is nine years. 
32. Recommend whether your company should invest in the following process: The internal hurdle rate is 17% p.a., before 
taxes, over an operating lifetime of 12 years. The fixed capital investment is made in two installments: $5 million at time zero 
and $3 million at the end of year 1. At the end of year 1, $1 million in working capital is required. For the remainder of the 
project lifetime, $2 million in income is realized. 
33. You are considering two possible modifications to an existing microelectronics facility. The criterion for profitability is 18% 
p.a. over six years. All values are in $million. 

Alternative 1 Alternative 2 
Project Cost 2.25 3.45 
Yearly Savings0.65 0.75 
What do you recommend based on a nondiscounted ROROII analysis? 
What do you recommend based on an INPV analysis? 
Based on the results of Parts (a) and (b), what do you recommend? 
34. A new biotech plant is expected to cost (FCI) $20 million, with $10 million paid at the beginning of the project and $10 


million paid at the end of year 1. There is no land cost because the land is already owned. The annual profit, before taxes, is $4 
million and the working capital at startup (which occurs at the end of year 1) is $1 million. The plant life is 10 years after 
startup. The before-tax criterion for profitability is 12%. Assume that the plant has no salvage value, and that the working 
capital is recovered at the end of the project life. 

Draw a labeled, discrete, nondiscounted cash flow diagram for this project. 

Draw a labeled, cumulative, discounted (to year zero) cash flow diagram for this project. 

What is the NPV for this project? Do you recommend construction of this plant? 

What would the annual profit, before taxes, have to be for the NPV to be $2 million? 

The plant is built and has been operational for several years. It has been suggested that $3 million be spent on plant 
modifications that will save money. Your job is to analyze the suggestion. The criterion for plant modifications is a 16% before- 
tax return over five years. How much annual savings are required before you would recommend in favor of investing in the 
modification? 

35. You are responsible for equipment selection for a new micro-fiber process. A batch blending tank is required for corrosive 
service. You are considering three alternatives: 

AlternativeMaterial Cost (S$thousand)Maintenance Cost ($thousand/y) Equipment Life(y) 


A Carbon Steel5 5.5 3 
B Ni Alloy 15 3.5 5 
C Hastalloy 23 2.5 9 


The after-tax internal hurdle rate is 14% p.a. Which alternative do you recommend? 

36. In an already operational pharmaceutical plant, you are considering three alternative solvent-recovery systems to replace an 
existing combustion process. The internal hurdle rate is 15% after taxes over eight years. Which alternative do you recommend? 
Total Module Cost of System Natural Gas Savings ($ Savings in Solvent Cost ($ Net Maintenance Savings ($ 


A ERRATE a thousands) thousand/y) thousand/y) thousand/y) 
A 88 15 = 
B 125 15 K 2 
c 250 15 75 5 


37. A condenser using refrigerated water is being considered for the recovery of a solvent used in a pharmaceutical coating 
operation. The amount of solvent recovered from the gas stream is a function of the temperature to which it is cooled. Three 
cases, each using a different exchanger and a different amount of refrigerated water, are to be considered. Data for the process 
cases are given in the table. 

CaseInstalled Cost of Exchanger ($)Cost of Refrigerated Water ($/y)Value of Acetone Recovered ($/y) 


A 103,700 15,000 32,500 
B 162,400 30,000 65,000 
C 216,100 34,500 74,750 


If the nondiscounted hurdle rate for projects is set at 15% p.a., which case do you recommend? 

If the discounted hurdle rate is set at 5% p.a. and the project life is set at 7 years, which case do you recommend? 

How does your result from Part (b) change if the project life were changed to 15 years? 

How does your result from Part (b) change if the project life were changed to 5 years? 

38. For Problem 10.8, uncertainties associated with predicting the revenues and cost of manufacturing are estimated to be as 
follows: Revenue: Expected range of variation from base case, low = $45 million, high = $53.5 million 

COM,: Expected range of variation from base case, low = $16 million, high = $21.5 million Using the above information, 
evaluate the expected distribution of NPVs and DCFRORs for the project. Would this analysis change your decision compared 
to that for the base case? 

39. Calculate the lowest and highest NPVs that are possible for Problem 10.38. Compare these values with the distribution of 
NPVs from Problem 10.38. What are the probabilities of getting an NPV within $5 million of these values? 

40. Perform a Monte-Carlo analysis on Problem 10.10, using the following ranges for uncertain variables (all figures in 


$millions): 

LowHigh 
FCI, 6.6 9.3 
Revenues 3.5 4.5 
Interest rate (%)9.5 12.0 
COM, 1.7 2.5 


What do you conclude? Hint: When using the CAPCOST program, set the equation for COMg = Cyawy materials and input the 
variability in COM, as a variability in the cost of raw materials. 


41. You are considering buying a house with a mortgage of $250,000. The current interest rates for a mortgage loan for a 15- 
year period are 7.5% p.a. fixed or 6.75% p.a. variable. Based on historical data, the variation in the variable rate is thought to be 
from a low of 6.0% to a high of 8.5%, with the most likely value as 7.25%. The variable interest rate is fixed at the beginning of 
each year. Answer the following questions: 

What are the maximum and minimum yearly payments that would be expected if the variable interest option is chosen? For 
simplicity assume that the compounding period is one year. 

Set up a Monte-Carlo simulation by picking 20 random numbers and using these to choose the variable interest rate for each of 
the 20 years of the loan. 

Calculate the yearly payments for each year using the data from Part (b). 

Hint: You should keep track of the interest paid on the loan and the remaining principal. The remaining principal is used to 
calculate the new yearly payment with the new yearly interest rate. 

42. Perform a Monte-Carlo simulation on Example 10.1 for the following conditions. Show that the variation in the NPV is the 
same as shown in Figure 10.15. To which variable is the NPV more sensitive? 


Low High 
FC, —20%35% 
Product Price —25% 10% 


Raw Material Price—10%25% 

Note: Because the Monte-Carlo method is based on the generation of random numbers, no two simulations will be exactly the 
same. Therefore, you may see some small differences between your results and those shown in Figure 10.15. 

43. A product is to be produced in a batch process. The estimated fixed capital investment is $5 million. The estimated raw 
materials cost is $100,000/batch, the estimated utility costs are $60,000/batch, and the estimated waste treatment cost is 
$23,000/batch. The revenue is predicted to be $220,000/batch. An initial scheduling scenario suggests that it will be possible to 
produce 22 batches/y. The internal hurdle rate is 15% p.a. before taxes over 10 years. 

Is this process profitable? 

What is the minimum number of batches/y that would have to be produced to make the process profitable? 

If 26 batches/y is the maximum that can be produced, what is the rate of return on the process? 

44. Three different products are manufactured in an existing batch process. The details are as follows: 
Productkg/batchProduct Value ($/kg) Batches/y 


A 5000 7.5 20 
B 2500 6.25 13 
C 4000 5.75 16 


The cost of manufacturing is $0.95 million/y. The demand for these products is increasing, and the crystallization step has been 
determined to be the bottleneck to increasing the capacity. It is desired to add 25% capacity to this process. The internal hurdle 
rate for process improvements is 17% p.a. over five years. 
Ifa new batch crystallizer, which allows for a 25% capacity increase, costs $750,000, do you recommend this process 
improvement? 
Capital funds are tight, and it has been determined that the maximum investment possible is $600,000, resulting in a smaller 
new crystallizer. Using this crystallizer, identical profitability as found in Part (a) has been determined. Determine what capacity 
increase results from purchasing the smaller crystallizer. 
Suppose that it is now possible to purchase the $750,000 crystallizer, thereby increasing capacity by 25%. However, the 
purchase of this crystallizer requires that the DCFROR (for this incremental investment) be at least 40% over five years. Is this 
DCFROR reached? 
45. A batch process runs on a zero-wait-time schedule (see Chapter 3). It has been determined that a 20% increase in capacity is 
possible if three equally sized storage tanks are purchased, and the processing schedule is altered appropriately. The cost of 
manufacture is $1.5 million/y with revenues of $2.75 million/y. The internal hurdle rate for process improvements is 20% p.a. 
over six years. 
If each tank costs $1.7 million, do you recommend the investment? 
What is the maximum cost per storage tank that will meet the profitability criterion and result in a 20% increase in capacity? 
Suppose that storage tanks each cost $2.0 million but still result in a 20% increase in capacity. What is the DCFROR for the 
recommended process improvement? 
46. You are designing a new pharmaceutical facility. The criterion for profitability is 14% before taxes over ten years. The 
alternatives need not be included in the base design, but either one or both may be included if they are profitable. The values 
listed under the alternatives are in addition to the base case. All values are in $million. 

BaseAlternative 1 Alternative 2 


Project Cost 25 5 3 

Yearly Profits 0.75 0.5 

Do you recommend the base case? Use what you consider to be the most appropriate method and explain your justification for 
using it. 

Do you recommend either or both of the alternatives based on a nondiscounted analysis? 

Do you recommend either of both of the alternatives based on a discounted analysis? 

47. The addition of a heat recovery system to a process is being considered. The costs of the heat exchangers and other 
economic parameters are: Installed cost of new heat exchangers = $4,500,000 

Time over which cost comparison should be made = 8 years 

Internal hurdle rate = 6.5% p.a. 

What is the minimum yearly savings required for the heat recovery system to be economically attractive? 

If the yearly savings were $1,050,000/y what would be the discounted payback period for the investment? 

48. A plant that operates at high temperatures and moderate pressures is being constructed. You have been asked to evaluate two 
alternatives for the gasket materials used in the plant. These gasket materials have different lives, different replacement costs, 
and different maintenance costs: Gasket A 

Life = 2 yr 

Maintenance cost = $5/year/gasket 

Replacement cost = $100/gasket 

Gasket B 

Life = 7 yr 

Maintenance cost = $2/year/gasket 

Replacement cost = $?/gasket 

If the hurdle rate for such comparisons is 5% p.a., determine what the cost of Gasket B would be so that there is no advantage 
between the two gaskets. 

49. You have been tasked with recommending a pump for a corrosive service by considering three manufacturers. The after-tax, 
internal hurdle rate is 10%. Which of the following three alternatives do you recommend and why? 

Pump ManufacturerCost ($thousand)Maintenance Cost ($thousand/y) Equipment Life (y) 


A 5 5 3 
B 25 3 8 
C 15 4 5 


50. A pressure vessel needs to be purchased by evaluating three different options. The after-tax, internal hurdle rate is 10%. 
Which of the following three alternatives do you recommend and why? 
Vessel TypeCost ($thousand)Maintenance Cost ($thousand/y) Equipment Life (y) 


A 20 J 4 
B 25 5 6 
C 40 3 7 


51. The cumulative discounted cash flow diagram for a process is shown in Figure P10.51; all numbers are given in $million 
and have been discounted to time t = 0. The project life is ten years after startup and the construction period is two years. The 
hurdle rate is 5% p.a. and the tax rate is 40% p.a. The 5-year MACRS (with a 2 year convention) was used for the depreciation 
calculations. For this project, answer the following questions. The answers for parts (a-d) should be given in terms of the cost or 
value at the time of purchase, that is, not the discounted value: 

What was the cost of land? 

What was the fixed capital investment excluding land, FCI}? 

What was the cost for working capital (WC)? 

What was the value for (R-COM,)? 

What is the discounted payback period (DPBP)? 

What is the net present value of the project (NPV)? 


Discounted Project Value, ($ million) 
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Project life after startup, (years) 
Figure P10.51 Cash Flow Diagram for Problem 51 


Section III: Synthesis and 
Optimization of Chemical 
Processes 


In this section, the problems of how to create, simulate, and 
optimize a process and how to develop a process flow diagram 
(PFD) are addressed. In order to create a PFD, a considerable 
amount of information needs to be gathered. This includes 
reaction kinetics, thermodynamic property data, required purity 
for products and by-products, types of separations to be used in 
the process, reactor type, range of conditions for the reaction, 
and many others. Once this information has been gathered, it 
must be synthesized into a working process. In order to 
accommodate the synthesis of information, the chemical 
engineer relies on solving material balances, energy balances, 
reaction kinetics, and equilibrium relationships using a process 
simulator. The basic data required to perform a simulation of a 
process are covered, and other aspects of using a process 
simulator are discussed. Once the PFD has been simulated, the 
optimization of the process can proceed. In general, process 
optimization involves both parametric and topological changes, 
and both these aspects are discussed. 

Advanced topics in steady-state and dynamic simulation are 
covered, and the role and importance of the control system in 
obtaining stable dynamic simulations are discussed. The 
regulation of process conditions and the various control 
strategies used in process plants along with an introduction to 
digital control logic are covered. 

All this material is treated in the following chapters: 


Chapter 11: Utilizing Experience-Based Principles 
to Confirm the Suitability of a Process Design 

When designing a process, the experienced engineer will 
often have a good idea as to how large a given piece of 
equipment needs to be or how many stages a given 
separation will require. Such information is invaluable in 
the early stages of design to check the reasonableness of the 
results of rigorous calculations. To assist the inexperienced 
engineer, a series of heuristics or guidelines for different 
equipment is presented in the form of tables. 


Chapter 12: Synthesis of the PFD from the Generic 
BFD 

The information required to obtain a base-case process flow 
diagram is discussed and categorized into the six basic 
elements of the generic block flow process diagram. The 


need to obtain reaction kinetics, thermodynamic data, and 
alternative separation methods is discussed in the context 
of building a base-case process. Special emphasis is placed 
on alternative distillation schemes and the sequencing of 
columns needed for such separations. 


Chapter 13: Synthesis of a Process Using a 
Simulator and Simulator Troubleshooting 

The structure of a typical process simulator and the basic 
process information required to simulate a process are 
discussed. The various types of equipment that can be 
simulated, and the differences between alternative modules 
used to simulate similar process equipment, are reviewed. 
The importance of choosing the correct thermodynamic 
package for physical property estimation is emphasized, 
and strategies to eliminate errors and solve simulation 
problems are presented. Finally, some advanced techniques 
for evaluating and implementing thermodynamic models 
for electrolyte systems and systems involving solid 
compounds are covered. 


Chapter 14: Process Optimization 

Basic definitions used to describe optimization problems 
are presented. The need to look at both topological changes 
in the flowsheet (rearrangement of equipment) and 
parametric changes (varying temperature, pressure, etc.) is 
emphasized. Strategies for both types of optimization are 
included. A section on batch systems, including batch 
scheduling and optimal batch cycle times, is included. 


Chapter 15: Pinch Technology 


The concepts of pinch technology as applied to the design of 
new heat-and mass-exchange networks are presented. The 
design of the network requiring the minimum utility 
consumption and the minimum number of exchangers is 
developed for a given minimum temperature or 
concentration approach. The temperature-and 
concentration-interval diagrams, the cascade diagram, and 
the cumulative enthalpy and cumulative mass-exchange 
diagrams are presented. The identification of the pinch 
point and its role in the design of the exchanger network are 
discussed. Finally, the estimation of the heat-exchanger 
network surface area for a given approach temperature and 
the effect of operating pressure and materials of 
construction on the optimum, minimum temperature 
approach are discussed. 


Chapter 16: Advanced Topics Using Steady-State 
Simulators 

The material from Chapter 13 is expanded to include the 
advanced topics of convergence, optimization, and 
sensitivity studies. The various numerical techniques used 
in the common process simulators to converge large, 


complicated, and highly coupled process flowsheets are 
discussed and compared to show which techniques are 
preferred for different classes of problems. 


Chapter 17: Using Dynamic Simulators in Process 
Design 

The transient response to process disturbances is covered in 
this chapter. The differences between steady-state and 
dynamic simulators are discussed, and a brief review of the 
numerical techniques required to solve the latter is given. 
The importance of the control system for stable converged 
dynamic simulations is emphasized with several examples. 


Chapter 18: Regulation and Control of Chemical 
Processes with Applications Using Commercial 
Software 


Using examples from earlier chapters in this section, this 
chapter shows how a deviation in output from a piece of 
equipment can be controlled by altering an input. This is 
different from, and complementary to, what is treated in a 
typical process control class. The concepts behind different 
advanced control strategies and the fundamentals of digital 
control logic are discussed. Finally, how the elements of 
dynamic modeling, control structure, and digital logic are 
combined in the design of an operator training simulator 
(OTS) is covered. 


Chapter 11: Utilizing Experience- 
Based Principles to Confirm the 
Suitability of a Process Design 


WHAT YOU WILL LEARN 


e There are experienced-based heuristics that can be used to estimate 


unknown parameters and validate calculated parameters used to design 


a chemical process. 


Experienced chemical engineers possess the skills necessary to 
perform detailed and accurate calculations for the design, 
analysis, and operation of equipment and chemical processes. 
In addition, these engineers will have formulated a number of 
experienced-based shortcut calculation methods and guidelines 
useful for the following: 


Checking new process designs 
Providing equipment size and performance estimates 


Helping troubleshoot problems with operating systems 
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Verifying that the results of computer calculations and simulations are 

reasonable 

5. Providing reasonable initial values for input into a process simulator 
required to achieve program convergence 

6. Obtaining approximate costs for process units 


7. Developing preliminary process layouts 


These shortcut methods are forms of heuristics that are 
helpful to the practicing engineer. All heuristics are, in the final 
analysis, fallible and sometimes difficult to justify. They are 
merely plausible aids or directions toward the solution of a 
problem [1]. Especially for the heuristics described in this 
chapter, the four characteristics of any heuristic should be kept 
in mind: 

A heuristic does not guarantee a solution. 


It may contradict other heuristics. 
It can reduce the time to solve a problem. 
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Its acceptance depends on the immediate context instead of on an 
absolute standard. 


The fact that one cannot precisely follow all heuristics all the 
time is to be expected, as it is with any set of technical 
heuristics. However, despite the limitations of heuristics, they 
are nevertheless valuable guides for the process engineer. 


In Chapter 6, process units and stream conditions that were 
identified as areas of special concern were analyzed. These areas 
were highlighted in a series of informational tables. In this 
chapter, the analysis of chemical processes will be completed by 
checking the equipment parameters and stream conditions in 
the PFD for agreement with observations and experiences in 


similar applications. 

The required information to start an analysis is provided in a 
series of informational tables containing shortcut 
calculation techniques. In this chapter, the use of these 
resources is demonstrated by checking the conditions given in 
the basic toluene hydrodealkylation PFD. 


11.1 THE ROLE OF EXPERIENCE IN THE 
DESIGN PROCESS 


The following short narrative illustrates a situation that could 
be encountered early in your career as an engineer. 


You are given an assignment that involves writing a 
report that is due in two weeks. You work diligently and 
feel confident you have come up with a respectable 
solution. You present the findings of the written report 
personally to your director (boss), who asks you to 
summarize only your final conclusions. Immediately 
after you provide this information, your boss declares 
that “your results must be wrong” and returns your 
report unopened and unread. 

You return to your desk angry. Your comprehensive 
and well-written report was not even opened and read. 
Your boss did not tell you what was wrong, and you did 
not receive any “partial credit” for all your work. After a 
while, you cool off and review your report. You find that 
you had made a “simple” error, causing your answer to 
be off by an order of magnitude. You correct the error 
and turn in a revised report. 

What remains is the nagging question, “How could 
your boss know you made an error without having 
reviewed your report or asking any questions?” 


The answer to this nagging question is probably a direct 
result of your director’s experience with a similar problem or 
knowledge of some guideline that contradicted your answer. 
The ability of your boss to transfer personal experience to new 
situations is one reason why he or she was promoted to that 
position. 


It is important to be able to apply knowledge gained 


through experience to future problems. 


11.1.1 Introduction to Technical Heuristics and Shortcut Methods 


A heuristic is a statement concerning equipment sizes, 
operating conditions, and equipment performance that reduces 
the need for calculations. A shortcut method replaces the 
need for extensive calculations in order to evaluate equipment 
sizes, operating conditions, and equipment performance. These 
are referred to as “back-of-the-envelope calculations.” In this 
text, both of these experience-based tools are referred to as 


guidelines or heuristics. 

The guidelines provided in this chapter are limited to 
materials specifically covered in this text (including problems at 
the end of the chapters). All such material is likely to be familiar 
to final-year B.S. chemical engineering students and new 
graduates as a result of their education. Upon entering the work 
force, engineers will develop guidelines that apply specifically to 
their area of responsibility. 

Guidelines and heuristics must be applied with an 
understanding of their limitations. In most cases, a novice 
chemical engineer should have sufficient background to apply 
the rules provided in this text. 


The narrative started earlier is now revisited. The 
assignment remains the same; however, the approach to solving 
the problem changes. 


Before submitting your report, you apply a heuristic 
that highlights an inconsistency in your initial results. 
You then review your calculations, find the error, and 
make corrections before submitting your report. 
Consider two possible responses to this report: 

1. Your boss accepts the report and notes that the report appears to 
be excellent and he or she looks forward to reading it. 

2. Your boss expresses concern and returns the report as before. In 
this case, you have a reasoned response available. You show that 
your solution is consistent with the heuristic you used to check 
your work. With this supporting evidence your boss would have to 
rethink his or her response and provide you with an explanation 
regarding his or her concern. 

In either case, your work will have made a good 

impression. 


Guidelines and heuristics are frequently used to make quick 
estimates during meetings and conferences and are valuable in 
refreshing one’s memory with important information. 


11.1.2 Maximizing the Benefits Obtained from Experience 


No printed article, lecture, or text is a substitute for the 
perceptions resulting from experience. An engineer must be 
capable of transferring knowledge gained from one or more 
experiences to resolve future problems successfully. 

To benefit fully from experience, it is important to make a 
conscious effort to use each new experience to build a 
foundation upon which to increase your ability to handle and to 
solve new problems. 


An experienced engineer retains a body of information, 
made up largely of heuristics and shortcut calculation 


methods, that is available to help solve new problems. 


The process by which an engineer uses information and 
creates new heuristics consists of three steps. These three steps 
are predict, authenticate, and reevaluate, and they form the 


basis of the PAR process. The elements of this process are 
presented in Table 11.1, which illustrates the steps used in the 
PAR process. 


Table 11.1 PAR Process to Maximize Benefits of 
Experience: Predict, Authenticate, Reevaluate 


1. Predict: This is a precondition of the PAR process. It represents your 
best prediction of the solution. It often involves making assumptions 
and applying heuristics based on experience. Calculations should be 
limited to back-of-the-envelope or shortcut techniques. 

2. Authenticate/Analyze: In this step, you seek out equations and 
relationships, do research relative to the problem, and perform the 
calculations that lead to a solution. The ability to carry out this activity 
provides a necessary but not sufficient condition to be an engineer. 
When possible, information from actual operations is included in order 
to achieve the best possible solution. 


. Reevaluate/Rethink: The best possible solution from Step 2 is 
compared with the predicted solution in Step 1. When the prediction is 
not acceptable, it is necessary to correct the reasoning that led to the 
poor prediction. It becomes necessary to remove, revise, and replace 
assumptions made in Step 1. This is the critical step in learning from 


experience. 


Example 11.1 


Evaluate the film heat transfer coefficient for water at 
93°C (200°F) flowing at 3.05 m/s (10 ft/s) inside a 38 
mm (1.5 in) diameter tube. From previous experience, 
you know that the film heat transfer coefficient for water, 
at 21°C (70°F) and 1.83 m/s (6 ft/s), in these tubes is 
5250 W/m°°C. Follow the PAR process to establish the 
heat transfer coefficient at the new conditions. 


Step 1—Predict: Assume that the velocity and 
temperature have no effect. 


Predicted heat transfer coefficient = 5250 W/m~°C 


Step 2—Authenticate/Analyze: Using the 
properties given below, it is found that the Reynolds 
number for the water in the tubes is Re = vpDpipe/H 
= (1.83)(997.4)(1.5)(0.0254)/(9.8 x 10 *) = 71 x 10° 
— Turbulent Flow 


Use the Sieder-Tate equation [2] to check the prediction: 


hD/k = (0.023)(Dup/p)°* (Cpp/k)'”? 


(E11.1a) 
Property 21°C (70°F) 93°C (200°F) Ratio of (New/Old) 
p (kg/m”) 997.4 963.2 0.966 
k (W/m°C) 0.604 0.678 1.12 
Cp (kJ /kg°C) 4.19 4.20 1.00 
u (kg/m/s) 9.8x10 ^ 3.06x10~ 0.312 


Take the ratio of Equation (E11.1a) for the two conditions 


given above, and rearrange and substitute numerical 
values. Using ’ to identify the new condition at 93°C, 


hi Jh 
= (D/D)°? (u! /u)?* (o' /p)°* Ur (C'p/Cy) (ke 
ae 
= (1)(1.50) (0.973) (1.73) (1.00) (1.08) = 2.725 


(E11.1b) 


h' = (2.725)(5250)W /m? °C = 14, 300W /m? °C 
(E11.1c) 


The initial assumption that the velocity and temperature 
do not have a significant effect is incorrect. Equation 
(E11.1c) reveals a velocity effect of a factor of 1.5 anda 
viscosity effect of a factor of 1.73. All other factors are 
close to 1.0. 


Step 3—Reevaluate/Rethink: The original 
assumptions that velocity and temperature had 
no effect on the heat transfer coefficient have 
been rejected. Improved assumptions for future 
predictions are as follows: 

. The temperature effect on viscosity must be evaluated. 

. The effects of temperature on Cp, p, and k are negligible. 


. Pipe diameter has a small effect on h (all other things being equal). 
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. Results are limited to the range where the Sieder-Tate equation is 
valid. 

With these assumptions, the values for water at 21°C are 

substituted into Equation (E11.1b). This creates a useful 

heuristic for evaluating the heat transfer coefficients for 

water flowing inside tubes at turbulent flow conditions. 


h! (W/m? C) = 125u”8 /p?4"foru’ (m/s), u 
'(kg/m/s) 


Although it takes longer to obtain a solution when you start 
to apply the PAR process, the development of the heuristic and 
the addition of a more in-depth understanding of the factors 
that are important offer substantial long-term advantages. 

There are hundreds of heuristics covering all areas of 
chemical engineering—some general, and others specific to a 
given application, process, or material. The next section 
presents a number of these rules that can be used to make 
predictions to start the PAR analysis. 


11.2 PRESENTATION OF TABLES OF 
TECHNICAL HEURISTICS AND 
GUIDELINES 


A number of these guidelines are provided in this section. The 
information given is limited to operations most frequently 


encountered in this text. Most of the information was extracted 
from a collection presented in Couper et al [3]. In addition, this 
excellent reference also includes additional guidelines for the 
following equipment: 
Conveyors for particulate solids 
. Cooling towers 


. Crystallization from solution 


1. 

2 

3 

4. Disintegration 
5. Drying of solids 
6. Evaporators 

7 


. Size separation of particles 


The heuristics or rules are contained in a number of tables 
and apply to operating conditions that are most often 
encountered. The information provided is used in Example 11.2 
and should be used to work problems at the end of the chapter 
and to check information on any PFD. 


Example 11.2 


Refer to the information given in Chapter 1 for the 
toluene hydrodealkylation process, namely, Figure 1.7 
and Tables 1.5 and 1.7. Using the information provided in 
the tables in this chapter, estimate the size of the 
equipment and other operating parameters for the 
following units: 


V-102 
. E-105 
P-101 
C-101 
. T-101 


Sappe 


H-101 
Compare your findings with the information given in 
Chapter 1. 


1. V-102 High-Pressure Phase Separator 


From Table 11.6, the following heuristics are used: 
Rule 3 — Vertical vessel 

Rule 4 — L/D between 2.5 and 5 with optimum at 
3.0 

Rule 5 — Liquid holdup time is 5 min based on 1/2 
volume of vessel 


Rule 9 — Gas velocity u is given by 


ha) oo 1m/s 
Pv 
where k = 0.0305 for vessels without mesh 
entrainers 
Rule 12 — Good performance obtained at 30%- 
100% of u from Rule 9; typical value is 75% 


From Table 1.5, 


Vapor flow = Stream 8 = 9200 kg/h, P = 23.9 bar, T 
=38°C 

Liquid flow = Streams 17 + 18 = 11,570 kg/h, P = 2.8 
bar, T = 38°C 

Py = 8 kg/m? and p; = 850 kg/m? (estimated from 
Table 1.7) From Rule 9, u = 0.0305[850/8 — 1]°° = 
0.313 m/s 

Use Uact = (0.75)(0.313) = 0.23 m/s 

Now mass flowrate of vapor = up,tD*/4 = 
9200/3600 = 2.56 kg/s Solving for D, D = 1.33 m 


From Rule 5, the volume of liquid = 0.5 LaD*/4 = 
0.726L m 

5 min of liquid flow = (5)(60)(11,570)/850/3600 = 
1.13 m? 

Equating the two results above, L = 1.56 m 


From Rule 4, L/D should be in the range 2.5 to 5. For 
this case L/D = 1.56/1.33 = 1.17 
Because this is out of range, change to L = 2.5D = 3.3 
m 
Heuristics from Table 11.6 suggest that V-102 should 
be a vertical vessel with D = 1.33 m, L = 3.3m 
From Table 1.7, the actual V-102 is a vertical vessel 
with D=1.1m,L=3.5m 
It should be concluded that the design of V-102 given in 
Chapter 1 is consistent with the heuristics given in Table 
11.6. The small differences in L and D are to be expected 
in a comparison such as this one. 


2. E-105 Product Cooler 


From Table 11.11 use the following heuristics: 
Rule 1 — Set F = 0.9 
Rule 6 — Min. AT = 10°C 
Rule 7 — Water enters at 30°C and leaves at 40°C 
Rule 8 + U = 850 W/m°°C 
It is observed immediately from Table 1.5 and Figure 1.5 
that Rule 6 has been violated because DTmin = 8°C. 


For the moment, ignore this and return to the 
heuristic analysis: 


ATim = [05 - 40) - (38 - 30)]/In[(105 - 40)/(38 - 
30)] = 27.2°C 

Q = 1085 MJ/h = 301 kW (from Table 1.7) 

A = Q/UAT pF = (301,000)/(850)/(27.2)/(0.90) = 
14.46 m° 

From Rule 9, Table 11.11, this heat exchanger should 
be a double-pipe or multiple-pipe design. 
Comparing this analysis with the information in 
Table 1.7 shows Heuristic: Double-pipe design, area 


= 14.5 m? 

Table 1.7: Multiple-pipe design, area = 12 m° 
Again, the heuristic analysis is close to the actual design. 
The fact that the minimum approach temperature of 
10°C has been violated should not cause too much 
concern, because the actual minimum approach is only 
8°C and the heat exchanger is quite small, suggesting 
that a little extra area (due to a smaller overall 
temperature driving force) is not very costly. 


3. P-101 


From Table 11.9, use the following heuristics: 
Rule 1 — Power(kW) = (1.67) 
[Flow(m®/min)]AP(bar)/e 
Rules 4—7 — Type of pump based on head 
From Figure 1.5 and Tables 1.5 and 1.7, Flowrate 
(Stream 2) = 13,300 kg/h 
Density of fluid = 870 kg/m? 
AP = 25.8 — 1.2 = 24.6 bar = 288 m of liquid (head = 
AP/p g) Volumetric flowrate = (13,300)/(60)/(870) 
= 0.255 m°/min 
Fluid pumping power = (1.67)(0.255)(24.6) = 10.5 
kW 
From Rules 4-7, pump choices are multistage 
centrifugal, rotary, and reciprocating. Choose 
reciprocating to be consistent with Table 1.7. Typical € = 
0.75. 
Power (shaft power) = 10.5/0.75 = 14.0 kW > 
compares with 14.2 kW from Table 1.7 
4. C-101 


From Table 11.10, use the following heuristics: 

Rule 2 — Wyev adiab = m BRT APs] Py" = 1]/a 

From Table 1.7, flow = 6770 kg/h, T; = 38°C = 311 K, 

mw = 8.45, P; = 23.9 bar, Ps = 25.5 

k = 1.41 (assume) and a = 0.2908 

m = (6770)/(3600)/(8.45) = 0.223 kmol/s Wyey adiab 

= (223)(1.0)(8.314)(g11)f (25.5/23.9)°79°° — 

1)/0.2908 = 37.7 kW using a compressor efficiency 

of 75% 

Wactual = (37-7)/(0.75) = 50.3 KW — This checks 

with the shaft power requirement given in Table 1.7. 
5. T-101 


From Table 11.13, use the following heuristics: 

Rule 5 — Optimum reflux in the range of 1.2-1.5Rmin 
Rule 6 — Optimum number of stages approximately 
2Nmin 


Rule 7 > Nmin = Int [x/G — x)louna/[X/ — xX)]bot}/l1n 
a 


Rule 8 > Rmin = {F/D}/(a - 1) 

Rule 9 — Use a safety factor of 10% on number of 
trays 

Rule 14 > Lmax = 53 mand L/D < 30 

From Table 11.14, use the following heuristics: 
Rule 2 > F, = up,°” = 1.2 > 1.5 m/s(kg/m3)°° 
Rule 3 — APiray = 0.007 bar 

Rule 4 — Etray = 60% — 90% 

Xovhd = 0-9962, Xovhd = 0.0308, Aguhd = 2-44, Abot = 
219, üjeom ave = (dovhddbo) = 228 

Nmin = ln{[0.9962/(1 — 0.9962)]/[0.0308/(1 — 
0.0308)]} /ln (2.28) = 10.9 

Rmin = {142.2/105.6}/(2.28 — 1) = 1.05 

Range of R = (1.2 —> 1.5)R min = 1.26 —> 1.58 
Ntheoretical ~ (2)(10.9) = 21.8 

Etray = 0.6 

Nactual ~ (21.6/0.6)(1.1) = 40 trays 

Py = 6.1 kg/m? 

u = (1.2 > 1.5)/6.1°° = 0.49 — 0.60 m/s 

Vapor flowrate (Stream 13) = 22,700 kg/h 

Vol. flowrate, v = 1.03 m/s 

Diower = [4v/mu]°” = [(4)(.03)/(3.142)/(0.49 > 
0.60)]°° = 1.64 - 1.48 m APiower = (Nactuai)(AP tray) 
= (40)(0.007) = 0.28 bar 


A comparison of the actual equipment design and the 
predictions of the heuristic methods are given below. 


From Tables 1.5 and 1.7 and From 

Figure 1.5 Heuristics 
Tower diameter 15m 1.48 > 1.64m | 
Reflux ratio, R 1.75 1.26 > 1.58 | 
Number of trays 42 40 | 
Pressure drop, 0.30 bar 0.28 bar 
DPiower 

6. H-101 


From Table 11.11, use the following heuristics: 
Rule 13 — Equal heat transfer in radiant and 
convective sections 

Radiant rate = 37.6 kW/m’, convective rate = 12.5 
kW/m? 


Duty = 27,040 MJ/h = 7511 kW 


Area radiant section = (0.5)(7511)/(37.6) = 99.9 m? 
(106.8 m° in Table 1.7) Area convective section = 
(0.5)(7511)/(12.5) = 300.4 m? (320.2 m° in Table 1.7) 


From the earlier worked examples, it is clear that the sizing 
of the equipment in Table 1.7 agrees well with the predictions of 


the heuristics presented in this chapter. Exact agreement is not 
to be expected. Instead, the heuristics should be used to check 
calculations performed using more rigorous methods and to flag 
any inconsistencies. 


11.3 SUMMARY 


In this chapter, a number of heuristics have been introduced 
that allow the reasonableness of the results of engineering 
calculations to be checked. These heuristics or guidelines 
cannot be used to determine absolutely whether a particular 
answer is correct or incorrect. However, they are useful guides 
that allow the engineer to flag possible errors and help focus 
attention on areas of the process that may require special 
attention. Several heuristics, provided in the tables at the end of 
this chapter, were used to check the designs provided in Table 
1.5 for the toluene hydrodealkylation process. 
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Table 11.2(a) Physical Property Heuristics 


| Units Liquids Liquids Gases Gases Gases 


Water Organic Steam Air Organic 
Material Material 
Heat kJ/kg 4.2 1.0-2.5 2.0 1.0 2.0-4.0 


capacity XC. 


Density kg/m? 1000 700- 1.29@STP 
1500 
Latentheat kJ/kg 1200- 200- 
2100 1000 
Thermal W/m 0.55- 0.10- 0.025- 0.025- 0.02— 
conductivity °C 0.70 0.20 0.07 0.05 0.06 
Viscosity kg/m o0°C Wide 10-30 20-50x 10-30 x 
-6 ~6 -6 
s 1.8 x Range x10 10 10 
hee 
50°C 
5:7 x 
ior” 
100°C 
2.8 x 
10 ¢ 
200°C 
1.4 x 
10 ¢ 
Prandtl no. 1-15 10— 1.0 0.7 0.7-0.8 


Table 11.2(b) Typical Physical Property Variations 
with Temperature and Pressure 


Liquids Liquids Gases Gases 
Property Temperature Pressure Temperature Pressure | 
Density P~ Te- Negligible py = Pg= 
D (MW)P/zRT (MW)P/zRT 
Viscosity 44 = Ae” Negligible #g Significant 
x Ti» only for P > 
(T+1.47T) so bar 
Vapor p = ae” es = = = 
pressure 


T is temperature (K), Teis the critical temperature (K), Tẹ is the normal 
boiling point (K), MW is molecular weight, P is pressure, Z is 
compressibility, R is the gas constant, and P* is the vapor pressure. 


Table 11.3 Capacities of Process Units in Common 


Usage? 
Capacity 
Process Unit Unit Max. Value Min. Value Comment 
Horizontal Pressure 400 Vacuum L/D typically 2- 
vessel (bar) 400” -200 5; See Table 11.6 
Temper. 10 2 
CO) 2 0.3 
Height 
5 2 
m) 
Diameter 
m) 
L/D 
Vertical vessel Pressure 400 400 L/D typically 2- 
(bar) 400” -2ọọ 5, See Table 11.6 


Temper. 10 2 


Towers 


Pumps 
Reciprocating 
Rotary and 
positive 
Displacement 


Centrifugal 


Compressors 
Axial, 
centrifugal + 
recipr. 


Rotary 
Drives for 
compressors 
Electric 
Steam turbine 
Gas turbine 
Internal 


combustion 
eng. 


Process heaters 


Heat 
exchangers 


(°C) 
Height 
(m) 
Diameter 
(m) 

L/D 
Pressure 
(bar) 
Temper. 
(°C) 
Height 
(m) 
Diameter 
(m) 

L/D 


Power" 
(kw) 
Pressure 
(bar) 

d 
Power 
(kw) 
Pressure 
(bar) 

d 
Power 
(kw) 
Pressure 


(bar) 


Power? 
(kw) 
Power" 


(kw) 


Power. 
(kW) 
Power. 
(kW) 
Power. 
(kW) 
Power. 


(kW) 


Duty 
(MJ/h) 


Area 
m’) 
Tube dia. 
m) 
Length 
(m) 
Pressure 
(bar) 
Temp. 
(°C) 


250 
1000 
150 
300 
250 


300 


8000 


1000 


15,000 
15,000 
15,000 


15,000 


500,000 


Vacuum 
—200 

2 

0.3 

2 


< 0.1 
< 0.1 


< 0.1 


50 
50 


<1 
100 
10 


10 


10,000 


10 
0.019 
2.5 
Vacuum 


—200 


Normal limits 
Diameter L/D 
0.5 3.0-40" 
1.0 2.5-30° 
2.0 1.6-23° 


4.0 1.8-13° 


Duties different 
for reactive 
heaters/furnaces 


For area < 10 m” 
use 

double pipe 
exchanger 

For 150 < P< 
400 bar 

need special 
design 


“Most of the limits for equipment sizes shown here correspond to the limits 
used in the costing program (CAPCOST) introduced in Chapter 7. 


°Maximum temperature and pressure are related to the materials of 


construction and may differ from values shown here. 


“For 20 < L/D < 30 special design may be required. Diameters up to 9 m 
possible but greater than 4 m must usually be fabricated on site. 


“Power values refer to fluid/pumping power. 


e€. 
Power 


values refer to shaft power. 


Table 11.4 Effect of Typical Materials of Construction 
on Product Color, Corrosion," Abrasion, and 
Catalytic Effects (see also Table 7.9) 


Metals 

Material Advantages Disadvantages 

Carbon Low cost, readily available, Poor resistance to acids and 

steel resists abrasion, standard strong alkali, often causes 
fabrication, resists alkali discoloration and 

contamination 

Stainless Resists most acids, reduces Not resistant to chlorides, 

steel discoloration, available more expensive, fabrication 
with a variety of alloys, more difficult, alloy 
abrasion less than mild materials may have 
steel catalytic effects 

Monel- Little discoloration, Not resistant to oxidizing 

Nickel contamination, resistant to | environments, expensive 
chlorides 

Hasteloy Improved over Monel- More expensive than 
Nickel Monel-Nickel 

Other Improves specific Can be very high cost 

exotic properties metals 

Nonmetals 

Material Advantages Disadvantages 

Glass Useful in laboratory and Fragile, not resistant to 
batch systems, low high alkali, poor heat 
diffusion at walls transfer, poor abrasion 

resistance 

Plastics Good at low temperature, Poor at high temperature, 
large variety to select from low strength, not resistant 
with various to high-alkali conditions, 
characteristics, easy to low heat transfer. Minor 
fabricate, seldom catalytic effects possible 
discolors, low cost 

Ceramics Withstands high Poor abrasion properties, 


temperatures, variety of 
formulations available, 
modest cost 


high diffusion at walls (in 
particular hydrogen), low 
heat transfer, may 
encourage catalytic 
reactions 


Source: “In addition, see Chapter 7, Table 7.9 for preliminary selection of 


materia 


ls of construction. 


Table 11.5 Heuristics for Drivers and Power Recovery 


Equipment 


1. Efficiency is greater for larger machines. Electric motors are 85%—95%; 


steam turbines are 42%—78%; gas engines and turbines are 28%-38% 


efficient (see Figure 8.7). 

. For less than 74.6 kW (100 hp), electric motors are used almost 
exclusively. They are made for services up to 14,900 kW (20,000 hp). 

. Steam turbines are competitive higher than 76.6 kW (100 hp). They are 
speed controllable. They are frequently used as spares in case of power 
failure. 

. Combustion engines and turbines are restricted to mobile and remote 
locations. 

. Gas expanders for power recovery may be justified at capacities of 
several hundred horsepower; otherwise any pressure reduction in 
process is done with throttling valves. 


. The following useful definitions are given: 


theoretical power to pump fluid (liquid or gas) 


Shaft power = 


efficiency of pump or compressor,€.;, 


Drive power = Shab power 
P efficiency of drive,eg, 


Overall efficiency = Eoy = EshEdr 


€dr Values are given in this table and Figure 8.7. 


€sn Values are given in Tables 11.9 and 11.10. Usually es, are given on 
PFD. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.6 Heuristics for Process Vessels (Drums) 


. Drums are relatively small vessels that provide surge capacity or 
separation of entrained phases. 

. Liquid drums are usually horizontal. 

3. Gas-liquid phase separators are usually vertical. 

. Optimum ratio of length to diameter = 3, but the range 2.5 to 5 is 
common. 

. Holdup time is 5 min for half-full reflux drums and gas/liquid 
separators, 5—10 min for a product feeding another tower. 

6. In drums feeding a furnace, 30 min for half-full drum is allowed. 

7. Knockout drums placed ahead of compressors should hold no less than 

10 times the liquid volume passing per minute. 

. Liquid-liquid separations are designed for settling velocity of 0.085- 
0.127 cm/s (2-3 in/min). 

. Gas velocity in gas/liquid separators, u = k/p,/p, — 1 m/s (ft sec)k 
= 0.11(0.35) for systems with mesh deentrainer, and k = 0.0305 (0.1) 
without mesh deentrainer. 

. Entrainment removal of 99% is attained with 10.2-30.5 cm (4-12 in) 
mesh pad thickness; 15.25 cm (6 in) thickness is popular. 


. For vertical pads, the value of the coefficient in Step 9 is reduced by a 
factor of 2/3. 


. Good performance can be expected at velocities of 30%-—100% of those 
calculated with the given k; 75% is popular. 

. Disengaging spaces of 15.2—45.7 cm (6-18 in) ahead of the pad and 30.5 
cm (12 in) above the pad are suitable. 


. Cyclone separators can be designed for 95% collection at 5 um particles, 
but usually only droplets greater than 50 um need be removed. 
See also Chapter 23 for more detailed explanations and guidelines. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.7 Heuristics for Vessels (Pressure and 


Storage) 


Pressure Vessels 


1. Design temperature between —30°C and 345°C is 25°C above 
maximum operating temperature; higher safety margins are used 
outside the given temperature range. 

2. The design pressure is 10% or 0.69—1.7 bar (10—25 psi) over the max. 
operating pressure, whichever is greater. The max. operating pressure, 
in turn, is taken as 1.7 bar (25 psi) above the normal operation. 

3. Design pressures of vessels operating at o—0.69 bar (0—10 psig) and 
95°C-—540°C (200°F-1000°F) are 2.76 barg (40 psig). 

4. For vacuum operation, design pressures are 1 barg (15 psig) and full 
vacuum. 

5. Minimum wall thickness for rigidity: 6.4 mm (0.25 in) for 1.07 m (42 
in) dia., 8.1 mm (0.32 in) for 1.07-1.52 m (42-60 in) dia., and 11.7 mm 
(0.38 in) for more than 1.52 m (60 in) dia. 

6. Corrosion allowance 8.9 mm (0.35 in) for known corrosive conditions, 
3.8 mm (0.15 in) for noncorrosive streams, and 1.5 mm (0.06 in) for 
steam drums and air receivers. 

7. Allowable working stresses are one-fourth of the ultimate strength of 
the material. 


8. Maximum allowable stress depends sharply on temperature. 


Temperature: (°F) —20 to 750 850 1000 
650 

(°C) -30 to 345 400 455 540 | 

Low alloy steel SA 203 (psi) 18,759 15,650 9950 2500 | 

(bar) 1290 1070 686 273 | 

(psi) | 

(bar) 1290 1290 1100 431 | 
Storage Vessels | 


1. For less than 3.8 m? (1000 gal), use vertical tanks on legs. 

2. Between 3.8 and 38 mê? (1000 and 10,000 gal), use horizontal tanks on 
concrete supports. 

3. Beyond 38 mê? (10,000 gal) use vertical tanks on concrete pads. 

4. Liquids subject to breathing losses may be stored in tanks with floating 
or expansion roofs for conservation. 

5. Freeboard is 15% below 1.9 m? (500 gal) and 10% above 1.9 m? (500 
gal) capacity. 

6. Thirty-day capacity often is specified for raw materials and products 
but depends on connecting transportation equipment schedules. 

7. Capacities of storage tanks are at least 1.5 times the size of connecting 
transportation equipment, for instance, 28.4 m? (7500 gal) tanker 
trucks, 130 m? (34,500 gal) rail cars, and virtually unlimited barge and 
tanker capacities. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 


| Type 302 stainless steel 18,750 18,750 15,950 6250 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.8 Heuristics for Piping 


1. Line velocities (u) and pressure drop (AP): (a) for liquid pump 
discharge: u = (5 + D/3) ft/sec and AP = 2.0 psi/100 ft; (b) for liquid 
pump suction: u = (1.3 + D/6) ft/sec and AP = 0.4 psi/100 ft; (c) for 


steam or gas flow: u = 20D ft/sec and AP = 0.5 psi/100 ft, D = diameter 
of pipe in inches. 

. Gas/steam line velocities = 61 m/s (200 ft/sec), and pressure drop = 0.1 
bar/100 m (0.5 psi/100 ft). 

. In preliminary estimates set line pressure drops for an equivalent length 
of 30 m (100 ft) of pipe between each piece of equipment. 

. Control valves require at least 0.69 bar (10 psi) drop for good control. 

. Globe valves are used for gases, control, and wherever tight shutoff is 
required. Gate valves for most other services. 

. Screwed fittings are used only on sizes 3.8 cm (1.5 in) or less; otherwise, 
flanges or welding used. 

. Flanges and fittings are rated for 10, 20, 40, 103, 175 bar (150, 300, 600, 
1500, or 2500 psig). 

. Approximate schedule number required = 1000 P/S, where P is the 
internal pressure in psig and S is the allowable working stress [about 
690 bar (10,000 psi)] for A120 carbon steel at 260° (500°F). Schedule 
40 is most common. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.9 Heuristics for Pumps 


. Power for pumping liquids: kW = (1.67)[Flow(m®/min)][AP(bar)] /e, [hp 
= Flow(gpm) AP(psi)/1714/e ], € = Fractional Efficiency = esp (see Table 
11.5). 

. Net positive suction head (NPSH) of a pump must be in excess of a 
certain number, depending upon the kind of pumps and the conditions, 
if damage is to be avoided. NPSH = (pressure at the eye of the impeller — 
vapor pressure)/(p g). Common range is 1.2—6.1 m of liquid (4-20 ft). 

. Specific speed N; = (rpm)(gpm)°°/(head in feet)”. Pump may be 
damaged if certain limits on N; are exceeded, and the efficiency is best 
in some ranges. 

. Centrifugal pumps: single stage for 0.057—18.9 m°/min (15-5000 gpm), 

152 m (500 ft) maximum head; multistage for 0.076—41.6 m? /min (20- 

11,000 gpm), 1675 m (5500 ft) maximum head. Efficiency 45% at 0.378 

m°/min (100 gpm), 70% at 1.89 m°/min (500 gpm), 80% at 37.8 

m°/min (10,000 gpm). 

Axial pumps for 0.076—378 m? /min (20-100,000 gpm), 12 m (40 ft) 

head, 65%-—85% efficiency. 

. Rotary pumps for 0.00378-18.9 m°/min (1-5000 gpm), 15,200 m 

(50,000 ft head), 50%-80% efficiency. 

Reciprocating pumps for 0.0378-37.8 m°/min (10-10,000 gpm), 300 

km (1,000,000 ft) head max. Efficiency 70% at 7.46 kW (10 hp), 85% at 

37.3 kW (50 hp), and 90% at 373 kW (500 hp). 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.10 Heuristics for Compressors, Fans, 
Blowers, and Vacuum Pumps 


1. Fans are used to raise the pressure about 3% {12 in (30 cm) water}, 
blowers to raise less than 2.75 barg (40 psig), and compressors to 
higher pressures, although the blower range is commonly included in 
the compressor range. 

2. Theoretical reversible adiabatic power = mz,RT,[({Po/P;}" -1)]/a 
where T; is inlet temperature, R = gas constant, z; = compressibility, m 
= molar flow rate, a = (k — 1)/k, and k = Cp/Cy. 


ft? /Ibmol R 

3. Outlet temperature for reversible adiabatic process Ts = T, (Po/P,) . 

4. Exit temperatures should not exceed 167°C—204°C (350°F—400°F); 
for diatomic gases C/C, = 1.4. This corresponds to a compression 
ratio of about 4. 

5. Compression ratio should be about the same in each stage of a 
multistage unit, ratio = (Pn/P)” " with n stages. 

6. Efficiencies of reciprocating compressors: 65% at compression ratios 
of 1.5, 75% at 2.0, and 80-85% at 3—6. 

7. Efficiencies of large centrifugal compressors, 2.83—47.2 m°/ s (6000-— 
100,000 acfm) at suction, are 76-78%. 

8. For vacuum pumps use the following: 


; ; ; Down to 1 Torr 
Reciprocating piston 


type 
Rotary piston type Down to 0.001 Torr 
Two-lobe rotary type Down to 0.0001 Torr 
Steam jet ejectors 1-stage down to 100 Torr 


3-stage down to 1 Torr 


5-stage down to 0.05 


Values of R: = 8.314 J/mol K = 1.987 Btu/Ibmol R = 0.7302 atm 
| Torr 


6. A three-stage ejector needs 100 kg steam/kg air to maintain a pressure 
of 1 Torr. 


7. In-leakage of air to evacuated equipment depends on the absolute 
pressure, Torr, and the volume of the equipment, Vin m? a? ) 
according to W = Kv? kg/h (lb/hr) with k = 0.98 (0.2) when P > 90 
Torr, k = 0.39 (0.08) between 3 and 20 Torr, and k = 0.12 (0.025) at 
less than 1 Torr. See Chapter 23 for more details. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.11 Heuristics for Heat Exchangers 


1. For conservative estimate set F = 0.9 for shell-and-tube exchangers with 
no phase changes, q = UAFAT\m. When AT at exchanger ends differ 
greatly, then check F, and reconfigure if F is less than 0.85. 


2. Standard tubes are 1.9 cm (3/4 in) OD, on a 2.54 cm (1 in) triangle 
spacing, 4.9 m (16 ft) long. 
A shell 30 cm (1 ft) dia. accommodates 9.3 m (100 ft’) 


60 cm (2 ft) dia. accommodates 37.2 m’? (400 ft’) 


90 cm (3 ft) dia. accommodates 102 m’ (1100 ft’) 


3. Tube side is for corrosive, fouling, scaling, and high-pressure fluids. 

4. Shell side is for viscous and condensing fluids. 

5. Pressure drops are 0.1 bar (1.5 psi) for boiling and 0.2—0.62 bar (3-9 
psi) for other services. 

6. Minimum temperature approach is 10°C (20°F) for fluids and 5°C 
(10°F) for refrigerants. 

7. Cooling water inlet is 30°C (90°F), maximum outlet 45°C (115°F). 

8. Heat transfer coefficients for estimating purposes, W/ m °C (Btu/hr 
ft’°F): water to liquid, 850 (150); condensers, 850 (150); liquid to liquid, 
280 (50); liquid to gas, 60 (10); gas to gas 30 (5); reboiler 1140 (200). 
Maximum flux in reboiler 31.5 kW/m” (10,000 Btu/hr ft’). 


When phase changes occur, use a zoned analysis with appropriate 


coefficient for each zone. 


9. Double pipe exchanger is competitive at duties requiring 9.3—18.6 m’ 
(100-200 ft’). 

o. Compact (plate and fin) exchangers have 1150 m / m? (350 ft” /ft°), and 
about 4 times the heat transfer per cut of shell-and-tube units. 

1. Plate and frame exchangers are suited to high-sanitation services and 
are 25%—50% cheaper in stainless steel construction than shell-and- 
tube units. 


2. Air coolers: Tubes are 0.75-1.0 in. OD, total finned surface 15-20 
m /m> (ft /ft bare surface), U = 450-570 W/m°C (80-100 Btu/hr ft” 
(bare surface) °F). Minimum approach temperature = 22°C (40°F). Fan 
input power = 1.4-3.6 kW/(MJ/h) [2-5 hp/(1000 Btu/hr)]. 

3. Fired heaters: Radiant rate, 37.6 kW/ m’? (12,000 Btu/hr ft”); convection 
rate, 12.5 kW/m? (4000 Btu/hr ft’); cold oil tube velocity = 1.8 m/s (6 
ft/sec); approximately equal transfer in the two sections; thermal 
efficiency 70%—90% based on lower heating value; flue gas temperature 
140°C—195°C (250°F—350°F) above feed inlet; stack gas temperature 
345°C-510°C (650°F—950°F). 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.12 Heuristics for Thermal Insulation 


1. Up to 345°C (650°F), 85% magnesia is used. 

2. Up to 870°C—1040°C (1600°F—1900°F), a mixture of asbestos and 
diatomaceous earth is used. 

3. Ceramic (refractory) linings at higher temperature. 

4. Cryogenic equipment —130°C (—200°F) employs insulation with fine 
pores of trapped air, e.g., Perlite. 


5. Optimal thickness varies with temperature: 1.27 cm (0.5 in) at 95°C 
(200°F), 2.54 cm (1.0 in) at 200°C (400°F), 3.2 cm (1.25 in) at 315°C 
(600°F). 

6. Under windy conditions 12.1 km/h (7.5 miles/hr), 10%—-20% greater 
thickness of insulation is justified. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.13 Heuristics for Towers (Distillation and 
Gas Absorption) 


1. Distillation is usually the most economical method for separating 
liquids, superior to extraction, absorption crystallization, or others. 


2. For ideal mixtures, relative volatility is the ratio of vapor pressures 
Q12 = P T / P; ‘ 

3. Tower operating pressure is most often determined by the temperature 
of the condensing media, 38°C—50°C (100°F—120°F) if cooling water is 
used, or by the maximum allowable reboiler temperature to avoid 
chemical decomposition/degradation. 


4. Sequencing of columns for separating multicomponent mixtures: 


1. Perform the easiest separation first, that is, the one least demanding of 
trays and reflux, and leave the most difficult to the last. 

2. When neither relative volatility nor feed composition varies widely, 
remove components one by one as overhead products. 


3. When the adjacent ordered components in the feed vary widely in 
relative volatility, sequence the splits in order of decreasing volatility. 


4. When the concentrations in the feed vary widely but the relative 


volatilities do not, remove the components in order of decreasing 
concentration. 


5. Economical optimum reflux ratio is in the range of 1.2 to 1.5 times the 
minimum reflux ratio, Rmin- 

6. The economically optimum number of theoretical trays is near twice the 
minimum value Njnin- 

7. The minimum number of trays is found with the Fenske-Underwood 
equation: 


Nmin = In{[x/@ - x)Jovha/[x/@ - 0 btmst/In a 

8. Minimum reflux for binary or pseudobinary mixtures is given by the 
following when separation is essentially complete (xp ~ 1) and D/F is the 
ratio of overhead product to feed rate: RminD/F = 1/(a — 1), when feed is 
at the bubble point 
(Rmin + 1) D/F = a/(a — 1), when feed is at the dew point 

9. A safety factor of 10% of the number of trays calculated by the best 
means is advisable. 

o. Reflux pumps are made at least 10% oversize. 

1. The optimum value of the Kremser absorption factor A = (L/mV) is in 
the range of 1.25 to 2.0. 

2. Reflux drums usually are horizontal, with a liquid holdup of 5 min half- 
full. A takeoff pot for a second liquid phase, such as water in 
hydrocarbon systems, is sized for a linear velocity of that phase of 1.3 
m/s (0.5 ft/sec), minimum diameter is 0.4 m (16 in). 

3. For towers about 0.9 m (3 ft) dia., add 1.2 m (4 ft) at the top for vapor 
disengagement, and 1.8 m (6 ft) at the bottom for liquid level and 
reboiler return. 

4. Limit the tower height to about 53 m (175 ft) max. because of wind load 
and foundation considerations. An additional criterion is that L/D be 
less than 30 (20 < L/D < 30 often will require special design). 


“Additional information on sequencing is given in Table 12.2. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.14 Heuristics for Tray Towers (Distillation 
and Gas Absorption) 


1. For reasons of accessibility, tray spacings are made 0.5—0.6 m (20-24 
in). 


2. Peak efficiency of trays is at values of the vapor factor F; = up?” in the 
range of 1.2-1.5 m/s {kg/m°}°° [1-1.2 ft/s {Ib/ft?}°°)]. This range of F, 
establishes the diameter of the tower. Roughly, linear velocities are 0.6 
m/s (2 ft/sec) at moderate pressures, and 1.8 m/s (6 ft/sec) in vacuum. 


3. Pressure drop per tray is on the order of 7.6 cm (3 in) of water or 0.007 
bar (0.1 psi). 

4. Tray efficiencies for distillation of light hydrocarbons and aqueous 
solutions are 60%—90%; for gas absorption and stripping, 10%-20%. 

5. Sieve trays have holes 0.6—0.7 cm (0.25—0.5 in) dia., area being 10% of 
the active cross section. 

6. Valve trays have holes 3.8 cm (1.5 in) dia. each provided with a liftable 
cap, 130—150 caps/ m? (12-14 caps/ft’) of active cross section. Valve 
trays are usually cheaper than sieve trays. 

7. Bubblecap trays are used only when a liquid level must be maintained at 
low turndown ratio; they can be designed for lower pressure drop than 
either sieve or valve trays. 

8. Weir heights are 5 cm (2 in), weir lengths are about 75% of tray 
diameter, liquid rate—a maximum of 1.2 m°/min m of weir (8 gpm/in of 
weir); multipass arrangements are used at higher liquid rates. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.15 Heuristics for Packed Towers (Distillation 
and Gas Absorption) 


than 0.9 m (3 ft) when low pressure drop is required. 

2. Replacing trays with packing allows greater throughput and separation 
in existing tower shells. 

3. For gas rates of 14.2 m°/min (500 f? /min), use 2.5 cm (1 in) packing; 
for 56.6 m°/ min (2000 ft?/ min) or more, use 5 cm (2 in) packing. 

4. Ratio of tower diameter to packing diameter should be >15:1. 

5. Because of deformability, plastic packing is limited to 3—4 m (10-15 ft) 
and metal to 6.0—7.6 m (20-25 ft) unsupported depth. 

6. Liquid distributors are required every 5—10 tower diameters with pall 
rings, and at least every 6.5 m (20 ft) for other types of dumped 
packing. 

7. Number of liquid distributors should be >32-55/m> (3-5/ft’) in 
towers greater than 0.9 m (3 ft) diameter, and more numerous in 
smaller columns. 


8. Packed towers should operate near 70% of flooding (evaluated from 
Sherwood and Lobo correlation). 

9. Height equivalent to theoretical stage (HETS) for vapor-liquid 
contacting is 0.4—0.56 m (1.3-1.8 ft) for 2.5 cm (1 in) pall rings, and 


1. Structured and random packings are suitable for packed towers less 
0.76—0.9 m. (2.5-3.0 ft) for 5 cm (2 in) pall rings. 


10. Generalized pressure Design Pressure Design Pressure 
drops Drops (cm of Drops (inches of 
H,O/m of H,O/ft of packing) 
packing) 
Absorbers and 2.1-3.3 0.25-0.40 
regenerators 
(nonfoaming systems) 
Absorbers and 0.8-2.1 0.10—0.25 
regenerators 
Atmospheric/pressure 3.3-6.7 0.40-0.80 
stills and fractionators 
Vacuum stills and 0.8-3.3 0.10-0.40 
fractionators 
| Maximum value 8.33 1.0 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.16 Heuristics for Liquid-Liquid Extraction 


1. The dispersed phase should be the one with the higher volumetric 
flowrate except in equipment subject to back-mixing, where it should be 
the one with the smaller volumetric rate. It should be the phase that 
wets material of construction less well. Because the holdup of 
continuous phase is greater, that phase should be made up of the less 
expensive or less hazardous material. 

2. There are no known commercial applications of reflux to extraction 
processes, although the theory is favorable. 

3. Mixer-settler arrangements are limited to at most five stages. Mixing is 
accomplished with rotating impellers or circulation pumps. Settlers are 


designed on the assumption that droplet sizes are about 150 um dia. In 
open vessels, residence times of 30—60 min or superficial velocities of 
0.15-0.46 m/min (0.5-1.5 ft/min) are provided in settlers. Extraction 
stage efficiencies commonly are taken as 80%. 
. Spray towers as tall as 6-12 m (20—40 ft) cannot be depended on to 
function as more than a single stage. 
Packed towers are employed when 5-10 stages suffice. Pall rings 2.5- 
3.8 cm (1-1.5 in) size are best. Dispersed phase loadings should not 
exceed 10.2 m°/min m? (25 gal/min tô). HETS of 1.5-3.0 m (5-10 ft) 
may be realized. The dispersed phase must be redistributed every 1.5- 
2.1 m (5-7 ft). Packed towers are not satisfactory when the surface 
tension is more than 10 dyne/cm. 


. Sieve tray towers have holes of only 3-8 mm dia. Velocities through the 
holes are kept less than 0.24 m/s (0.8 ft/sec) to avoid formation of small 
drops. Redispersion of either phase at each tray can be designed for. 
Tray spacings are 15.2 to 60 cm (6 to 24 in). Tray efficiencies are in the 
range of 20%-30%. 

Pulsed packed and sieve tray towers may operate at frequencies of 90 

cycles/min and amplitudes of 6-25 mm. In large-diameter towers, 

HETS of about 1 m have been observed. Surface tensions as high as 30- 

40 dyne/cm have no adverse effect. 

. Reciprocating tray towers can have holes 1.5 cm (9/16 in) dia., 50%- 
60% open area, stroke length 1.9 cm (0.75 in), 100-150 strokes/min, 
plate spacing normally 5 cm (2 in) but in the range of 2.5-15 cm (1-6 
in). In a 76 cm (30 in) diameter tower, HETS is 50-65 cm (20-25 in) 
and throughput is 13.7 m? /min m” (2000 gal/hr ft”). Power 
requirements are much less than that of pulsed towers. 

. Rotating disk contactors or other rotary agitated towers realize HETS in 
the range of 0.1-0.5 m (0.33-1.64 ft). The especially efficient Kuhni 
with perforated disks of 40% free cross section has HETS of 0.2 m (0.66 
ft) and a capacity of 50 m°/ mh (164 ft Mig hr). 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.17 Heuristics for Reactors 


. The rate of reaction in every instance must be established in the 
laboratory, and the residence time or space velocity and product 
distribution eventually must be found from a pilot plant. 


. Dimensions of catalyst particles are 0.1 mm (0.004 in) in fluidized beds, 
1mm in slurry beds, and 2-5 mm (0.078—0.197 in) in fixed beds. 

. The optimum proportions of stirred tank reactors are with liquid level 
equal to the tank diameter, but at high pressures slimmer proportions 
are economical. 

. Power input to a homogeneous reaction stirred tank is 0.1-0.3 kW/ m? 
(0.5-1.5 hp/1000 gal), but three times this amount when heat is to be 
transferred. 


. Ideal CSTR (continuous stirred tank reactor) behavior is approached 
when the mean residence time is 5 to 10 times the length needed to 
achieve homogeneity, which is accomplished with 500-2000 
revolutions of a properly designed stirrer. 


. Batch reactions are conducted in stirred tanks for small daily production 
rates or when the reaction times are long or when some condition such 
as feed rate or temperature must be programmed in some way. 

. Relatively slow reactions of liquids and slurries are conducted in 
continuous stirred tanks. A battery of four or five in series is most 
economical. 


. Tubular flow reactors are suited to high production rates at short 
residence times (seconds or minutes) and when substantial heat transfer 


is needed. Embedded tubes or shell-and-tube construction then is used. 

. In granular catalyst packed reactors, the residence time distribution is 
often no better than that of a five-stage CSTR battery. 

. For conversion less than about 95% of equilibrium, the performance of a 
five-stage CSTR battery approaches plug flow. 

. The effect of temperature on chemical reaction rate is to double the rate 
every 10°C. 

. The rate of reaction in a heterogeneous system is more often controlled 
by the rate of heat or mass transfer than by the chemical reaction 
kinetics. 

. The value of a catalyst may be to improve selectivity more than to 
improve the overall reaction rate. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 
Selection and Design, 3rd ed., Elsevier, Boston, 2012. 


Table 11.18 Heuristics for Refrigeration and Utility 
Specifications 


. Aton of refrigeration is the removal of 12,700 kJ/h (12,000 Btu/hr) of 
heat. 


. At various temperature levels: —18°C to —10°C (0°F to 50°F), chilled 
brine and glycol solutions; —45°C to —10°C (—50°F to —40°F), ammonia, 
freon, butane; —100°C to —45°C (—150°F to —50°F) ethane or propane. 


. Compression refrigeration with 38°C (100°F) condenser requires 
kW/tonne (hp/ton) at various temperature levels; 0.93 (1.24) at —7°C 
(20°F); 1.31 (1.75) at —18°C (0°F); 2.3 (3.1) at —40°C (—40°F); 3.9 (5.2) 
at —62°C (-80°F). 

. At less than —62°C (—80°F), cascades of two or three refrigerants are 
used. 

. In single-stage compression, the compression ratio is limited to 4. 

. In multistage compression, economy is improved with interstage 
flashing and recycling, so-called economizer operation. 

. Absorption refrigeration: ammonia to —34°C (—30°F); lithium bromide 
to 7°C (+45°F) is economical when waste steam is available at 0.9 barg 
(12 psig). 

. Steam: 1-2 barg (15-30 psig), 121°C—135°C (250°F—275°F); 10 barg 
(150 psig), 186°C (366°F); 27.6 barg (400 psig), 231°C (448°F); 41.3 
barg (600 psig), 252°C (488°F) or with 55°C—85°C (100°F—150°F) 
superheat. 

. Cooling water: For design of cooling tower use supply at 27°C—32°C 
(80°F—90°F) from cooling tower, return at 45°C—52°C (115°F—-125°F); 
return seawater at 43°C (110°F); return tempered water or steam 
condensate above 52°C (125°F). 

. Cooling air supply at 29°C—35°C (85°F—95°F); temperature approach to 
process, 22°C (40°F). 

. Compressed air 3.1 (45), 10.3 (150), 20.6 (300), or 30.9 barg (450 psi) 
levels. 


. Instrument air at 3.1 barg (45 psig), -18°C (0°F) dew point. 


3. Fuels: gas of 37,200 kJ/m? (1000 Btu/SCF) at 0.35-0.69 barg (5-10 
psig), or up to 1.73 barg (25 psig) for some types of burners; liquid at 
39.8 GJ/m? (6 million Btu/bbl). 


. Heat transfer fluids: petroleum oils less than 315°C (600°F), Dowtherms 
less than 400°C (750°F), fused salts less than 600°C (1100°F), direct fire 
or electricity above 450°F. 

. Electricity: 0.75-74.7 kW. (1-100 hp), 220-550 V; 149-1864 kW (200- 
2500 hp), 2300-4000 V. 


Source: Adapted from Couper, J. R., et al., Chemical Process Equipment, 


Selection and Design, 3rd ed., Boston: Elsevier, 2012. 


WHAT YOU SHOULD HAVE LEARNED 


e This chapter is a resource of experienced-based heuristics that can be 


used to estimate unknown parameters and validate calculated 
parameters used to design a chemical process. 
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PROBLEMS 


= 


. For the ethylbenzene process shown in Appendix B, check 
the design specifications for the following three pieces of 
equipment against the appropriate heuristics: P-301, V-302, 
T-302. Comment on any significant differences that you 
find. 


2. For the styrene process shown in Appendix B, check the 
design specifications for the following three pieces of 
equipment against the appropriate heuristics: E-401, C-401, 
T-402. Comment on any significant differences that you 
find. 


3. For the drying oil process shown in Appendix B, check the 
design specifications for the following three pieces of 
equipment against the appropriate heuristics: V-501, P-501, 
H-501. Comment on any significant differences that you 
find. 


Chapter 12: Synthesis of the PFD from 
the Generic BFD 


WHAT YOU WILL LEARN 


Design of a chemical process usually starts with a block flow diagram. 


Additional information is required to build a process flow diagram 
from a block flow diagram. 


There is a logical order to the synthesis of a chemical process from its 
component sections. 


The evolutionary procedure to create a full process flow diagram 
(PFD) (as presented in Chapter 1) from the generic block flow 
process diagram (GBFD) (Chapter 2) is described in this 
chapter. This full PFD truly defines the process in a chemical 
engineering sense and is the starting point for chemical and 
other engineers to design the machines, structures, and 
electrical/electronic components needed to make the chemical 
engineer’s vision a reality. 

This crucial step in the design of the chemical plant involves 
all subareas of chemical engineering: reaction engineering, 
thermodynamics, process control, unit operations, transport 
phenomena, and material and energy balances. Each is applied 
to put details into the six general sections of the GBFD—reactor 
feed preparation, reactor, separator feed preparation, separator, 
recycle, and environmental control. 

In this synthesis, the broader context of the project (e.g., 
environmental concerns, customer expectations, return on 
investment) is integrated with the important details such as the 
type of heat transfer medium or the number of stages in a 
column. It is crucial to consider as many alternatives as possible 
in the early stages to try to avoid becoming trapped in a 
suboptimal design. 


It is acommon human trait to resist change 
more strongly as more effort is expended on a 
task, design, or product. This is described as 
not wanting to abandon the “investment” in the 


activity. A good process engineer must be open 
to new ideas and be prepared to abandon old 
ones if a better, improved process will be the 
result. 


12.1 INFORMATION NEEDS AND 
SOURCES 


Before the detailed synthesis of the PFD can be completed, basic 
physical property and kinetics information is needed. It is 
assumed here that the very basic chemistry of the desired 
reaction is known, that is, what main feed materials go to what 
main product. Before PFD synthesis can begin, the marketing 
personnel should have identified a market need for a specific 
product, and the chemists have identified at least one way to 
produce the chemical in the laboratory. Even the marketing and 
chemistry information, however, will need to be refined. 
Flowsheet synthesis will uncover the need for more detailed 
data on the reaction rate, temperature and pressure effects, and 
market values of products of different purities. 


12.1.1 Interactions with Other Engineers and Scientists 


Teams of engineers work on the development of the process. 
For example, the marketing department will find the customer 
for the plant’s product, and product specifications will be 
identified. Many chemical engineers are employed as marketing 
engineers, and they will understand that product purity affects 
product price, often dramatically so. However, the details of this 
interplay can be determined only by the process design 
engineers as the PFD is being developed; only through 
discussions and negotiations with customers can the marketing 
engineer determine the relationship between product purity and 
the product value (i.e., maximum selling price) to the customer. 
Similarly, there may be more than one chemical pathway to 
the product. Pathways of greatest interest to the chemical 
engineer are not necessarily those of greatest interest to the 
chemist. The abilities to use impure feed materials and to avoid 
the production of by-products reduce costs but may not be of 
interest to a chemist. The costs of small-lot, high-purity 
laboratory reagents may not even qualitatively correlate to those 
of multiple tank-car, industrial-grade raw materials. Isothermal 
operation of small laboratory reactors is common but 
essentially impossible to achieve on a large scale. It is more 
economical per unit volume to maintain high pressures on the 
plant scale than it is in the lab. Simple batch operations are 
common in laboratory work, but, at plant scale, sophisticated 
optimization of scheduling, ramp rates, cycle sequencing, and 
choice of operating mode (batch, semibatch, continuous) is 
vital. Thus, the chemical process design engineer must be in 
touch with the chemist to make sure that expensive constraints 
or conditions suggested by laboratory studies are truly needed. 


12.1.2 Reaction Kinetics Data 


Before reactor design can begin, the kinetics of the main 
reaction must be known. However, a knowledge of the kinetics 
of unwanted side reactions is also crucial to the development of 
the structure or topology of the PFD, that is, number and 
position of recycle streams; types, numbers, and locations of 
separators; batch or continuous operating modes; sterilization 
operations needed for aseptic operation, and so on. Knowledge 


of detailed reaction pathways, elementary reactions, and 
unstable reaction intermediates is not required. Rather, the 
chemical process design engineer needs to know the rate of 
reaction (main and by-product reactions) as a function of 
temperature, pressure, and composition. The greater the range 
of these independent variables, the better the design can be. 


For some common homogeneous reactions, kinetics are 
available [1-3]. However, most commercial reactions involve 
catalysts. The competitive advantage of the company is often 
the result of a unique catalyst. Thus, kinetics data for catalyzed 
reactions are not as readily available in open literature but 
should be available within the company files or must be 
obtained from experiments. One source of kinetics data for 
catalytic reactions is the patent literature. The goal of someone 
writing a patent application, however, is to present as little data 
as possible about the invention while obtaining the broadest 
possible protection. This is why patent information is often 
cryptic. However, this information is often sufficient to develop 
a base-case PFD. The key data to obtain from the patent are the 
inlet composition, temperature, pressure, outlet composition, 
and space time. If the data are for varying compositions, one 
can develop crude kinetics rate expressions. If the data are for 
more than one temperature, an activation energy can be 
determined. These data reduction procedures are described in 
undergraduate textbooks on reaction engineering [4, 5]. 


Without kinetics data, a preliminary PFD and cost analysis 
can still be done [6]. In this type of analysis, the differing 
process configurations and costs for different assumed reaction 
rates provide estimates of the value of a potential catalyst. If 
doubling the reaction rate reduces the cost of manufacture by $1 
million per year, for example, the value of catalysis research to 
increase the reaction rate (all other things being equal) is clear. 
As a guideline, the economic breakpoint is often a catalyst 
productivity to desired product of ~0.10 kg product/kg 
catalyst/hour [7]. Another guide is that activation energies are 
usually between 40 and 200 kJ/mol. 


12.1.3 Physical Property Data 


In addition to kinetics data, physical property data are required 
for determining material and energy balances, as well as for 
sizing heat exchangers, pumps and compressors, and separation 
units. These data are, in general, easier to obtain and, when 
necessary, easier than kinetics data to estimate. 


For the material and energy balances, pure-component heat 
capacity and density data are needed. These are among the most 
widely measured data and are available on process simulators 
for several thousand substances. (See Chapter 13 for details of 
process simulators.) There are also reasonably accurate group- 
contribution techniques for use when no data are available [8]. 
The enthalpies of mixtures require an accurate equation of state 
for gases and nonionic liquids. The equations of state available 
on process simulators are accurate enough for these systems. 


However, additional heat of solution data are needed for 
electrolyte solutions, and these data may not be as readily 
available. For these systems, care should be taken to use 
accurate experimental data, because estimation techniques are 
not as well defined (see Chapter 13 for additional information 
on electrolyte systems). 

The design of heat exchangers and the determination of 
pressure drops across units require thermal conductivity and 
viscosity data. These data are usually available (often in the 
databanks of process simulators) and, if unavailable, can be 
estimated by group-contribution techniques [8]. 


The most crucial and least available physical property data 
are for phase equilibrium. Most separators are based on 
equilibrium stages; thus, these data are usually needed for a 
process design. For vapor-liquid equilibrium, such as for 
distillation, either (1) a single equation of state for both phases 
or (2) a combination of a vapor-phase equation of state, a pure- 
component vapor pressure, and a liquid-state activity- 
coefficient model is required. The choice of thermodynamics 
package for process simulators is explained in Section 13.4. The 
key experimentally determined mixture parameters for either 
equations of state or activity-coefficient models are called BIPs 
(binary interaction parameters), and they have a great 
effect on the design of separation units. A poor estimation of 
them (e.g., assuming them to be zero!) can lead to severely 
flawed designs. The solubilities of noncondensables in the liquid 
phase are also essential but difficult to estimate. 


12.2 REACTOR SECTION 


For a process with a reactor, often the synthesis of the PFD 
begins with the reactor section of the GBFD. (See also Chapter 
22.) A base-case reactor configuration is chosen according to 
the procedures described in reaction engineering textbooks. 
This configuration (e.g., plug flow, CSTR, batch, semibatch, 
adiabatic, isothermal) is used at some base conditions 
(temperature, pressure, feed composition) and some 
preliminary base specification (e.g., 60% conversion) to 
calculate the outlet composition, pressure, and temperature. 
The goal at this stage is to develop a feasible PFD for the 
process. Optimization of the PFD can begin only after a suitable 
base case has been developed. If there are obvious choices that 
improve the process (such as using a fluidized bed instead of a 
packed-bed reactor, or batch operation instead of continuous), 
these choices are made at this stage; however, these choices 
should be revisited later. 

To enable later optimization, the general effects of varying 
the feed conditions should be investigated at this point by using 
the trend prediction approach of Chapter 22. A list of possible 
reactor configurations should also be developed. These choices 
often have dramatic effects on the other parts of the GBFD. The 
earlier these effects are understood, the better the final design 


will be. 


At this stage, the utility needs of the reactor should be 
considered. If heating or cooling is required, the design of an 
entire additional system may be required. The choice of heating 
or cooling medium must be made based on strategies described 
in Chapter 15, the heuristics presented in Chapter 11, and the 
costs of these utilities. 


The trade-offs of different catalysts, parallel versus series 
reactors, and conversion versus selectivity should be 
considered, even though the optimization of these choices 
occurs after the base case is developed. Again, early 
identification of alternatives improves later detailed 
optimization. 

Once the base-case reactor configuration is chosen, the 
duties of the reactor feed preparation and separator feed 
preparation units are partially determined. 


For the reactor, important questions to be considered 
include the following: 


1. In what phase does the reaction take place (liquid, vapor, mixed, etc.)? 
The answer will affect the reactor feed section. For example, if the reaction 
is in the vapor phase it will determine whether a vaporizer or fired heater 
is required upstream of the reactor when the feed to the plant is liquid. 


2. What are the required temperature and pressure ranges for the reactor? 
If the pressure is higher than the feed pressure, pumps or compressors are 
needed in the reactor feed preparation section. If the required reactor feed 
temperature is greater than approximately 250°C, a fired heater may be 
necessary. 

3. Is the reaction kinetically or equilibrium controlled? The answer affects 
both the maximum single-pass conversion and the reactor configuration. 
The majority of gas-and liquid-phase reactions in the CPI are kinetically 
controlled. The most notable exceptions are the formation of methanol 
from synthesis gas, synthesis of ammonia from nitrogen and hydrogen, 
and the production of hydrogen via the water-gas shift reaction. 

4. Does the reaction require a solid catalyst, or is it homogeneous? This 
difference dramatically affects the reactor configuration. For enzymes 
immobilized on particles, for example, a fluidized bed reactor or packed- 
bed reactor could be considered, depending on the stability of the enzyme 
and mass-transfer requirements. The immobilization may also impart 
some temperature stability to the enzyme, which provides additional 
flexibility in reactor configuration and operating conditions. 

5. Is the main reaction exothermic or endothermic, and is a large amount 
of heat exchange required? Again, the reactor configuration is strongly 
affected by the heat transfer requirements. For mildly exothermic or 
endothermic gas-phase reactions, multiple packed beds of catalyst or 
shell-and-tube reactors (catalyst in tubes) are common. For highly 
exothermic gas-phase reactions, heat transfer is the dominant concern, 
and fluidized beds or shell-and-tube reactors with catalyst dilution (with 
inert particles) are used; some examples are given in Chapter 22. For 
liquid-phase reactions, temperature control can be achieved by pumping 
the reacting mixture through external heat exchangers (for example, in 
Figure B.11.1). For some highly exothermic reactions, part of the reacting 
mixture is vaporized to help regulate the temperature. The vapor is 
subsequently condensed and returned to the reactor. External jackets and 
internal heat transfer tubes, plates, or coils may also be provided for 
temperature control of liquid-phase reactions. (See Chapters 18 and 22.) 

6. What side reactions occur, and what is the selectivity of the desired 
reaction? The formation of unwanted by-products may significantly 


complicate the separation sequence. This is especially important if these 
by-products are formed in large quantities and are to be purified for sale. 
For high-selectivity reactions, it may be more economical to dispose of by- 
products as waste or to burn them (if they have high heating values), 
which simplifies the separation section. However, for environmental 
reasons, great emphasis is placed on producing either salable by-products 
or none at all. 


7. What is the approximate single-pass conversion? The final single-pass 
conversion is determined from detailed parametric optimizations 
(Chapter 14); however, the range of feasible single-pass conversions 
affects the structure of the separations section. If extremely high single- 
pass conversions are possible (e.g., greater than ~98%), it may not be 
economical to separate and recycle the small amounts of unreacted feed 
materials. In this case, the feed materials become the impurities in the 
product, up to the allowable concentration. 

8. For gas-phase oxidations, should the reactor feed be outside the explosive 
limits? For example, there are many reactions that involve the partial 
oxidation of hydrocarbons (the acrylic acid process in Appendix B and 
phthalic anhydride production in Appendix C). Air or oxygen is fed to a 
reactor along with hydrocarbons at high temperature. The potential for 
explosion from rapid, uncontrolled oxidation (ignition) is possible 
whenever the mixture is within its explosive limits. (Note that the 
explosive limits widen significantly with increased temperature.) An 
inherently safe design would require operation outside these limits. Often, 
steam is added both as a diluent and to provide thermal ballast for highly 
exothermic reactions—for example, in the acrylic acid reactor (Figure 
B.9.1). 


12.3 SEPARATOR SECTION 


After the reactor section, the separator section should be 
studied. The composition of the separator feed is that of the 
reactor effluent, and the goal of the separator section is to 
produce a product of acceptable purity, a recycle stream of 
unreacted feed materials, and a stream or streams of by- 
products. The ideal separator used in the GBFD represents a 
process target, but it generally represents a process of infinite 
cost. Therefore, one step is to “de-tune” the separation to a 
reasonable level. However, before doing that, one must decide 
what the by-product streams will be. There may be salable by- 
products, in which case a purity specification must be met so 
that the by-products can be sold. For many organic chemical 
plants, one by-product stream is a mixture of combustible gases 
or liquids that are then used as fuel. There may also be a waste 
stream (often a dilute aqueous stream) to be treated 
downstream; however, this is an increasingly less desirable 
process feature. 

Prior to enactment of current environmental regulations, it 
was generally thought to be less expensive to treat waste 
streams with so-called end-of-pipe operations. That is, the 
process was designed to produce, concentrate, and dispose of 
the waste in an acceptable manner. As regulations evolved, the 
strategy of pollution prevention or green engineering has led to 
both better environmental performance and reduced costs. 
More details are given in Chapter 27, but the overall strategy is 
to minimize wastes at their source or to turn them into salable 


products. 

The separation section then generally accepts one stream 
from the pre-separation unit and produces product, by-product, 
and (sometimes) waste streams. In the development of the PFD, 
one must consider the most inclusive or flexible topology so that 
choices can be made in the optimization step. Thus, each type of 
stream should be included in the base case. 

Next, the minimum number of simple separation units must 
be determined. Although there are single units that produce 
multiple output streams (such as a petroleum refining pipe still 
with many side draws), most units accept a single inlet stream 
and produce two outlet streams. For such simple separators, at 
least (N - 1) units are needed, where N is the number of outlet 
streams (products, by-products, and waste). There are two 
important questions to answer concerning these units in the 
separation section: (1) What types of units should be used? (2) 
How should the units be sequenced? 


12.3.1 General Guidelines for Choosing Separation Operations 


There are general guidelines concerning choice of separation 
unit. Table 12.1 gives a set of rules for the most common choices 
of separation units in process simulators. 


Table 12.1 Guidelines for Choosing Separation Units 


e Use distillation as a first choice for separation of fluids when purity of 
both products is required. 


e Use gas absorption to remove one trace component from a gas stream. 


e Consider adsorption to remove trace impurities from gas or liquid 
streams. 


e Consider pressure-swing adsorption to purify gas streams, especially 
when one of the components has a cryogenic boiling point. 


e Consider membranes to separate gases of cryogenic boiling point and 
relatively low flowrates. 


e Choose an alternative to distillation if the boiling points are very close 
or if the heats of vaporization are very high. 


e Consider extraction as a choice to purify a liquid from another liquid. 


e Use crystallization to separate two solids or to purify a solid from a 
liquid solution. 


e Use evaporation to concentrate a solution of a solid in a liquid. 

e Use centrifugation to concentrate a solid from a slurry. 

e Use filtration to remove a solid in almost dry form from a slurry. 
e Use screening to separate solids of different particle size. 


e Use float/sink operations to separate solids of different density from a 
mixture of pure particles. 


e Consider reverse osmosis to purify a liquid from a solution of dissolved 
solids. 


e Use leaching to remove a solid from a solid mixture. 


e Consider chromatography for final purification of high-value products 
(such as proteins) from dilute streams. 


For a base case, it is essential that the separation technique 
chosen be reasonable, but it is not necessary that it be the best. 


For sequencing of the separation units, there is another set 
of guidelines, given in Table 12.2. In the base case, it is often 
helpful to consider the same type of separator for each unit. 
During optimization, one can compare different separator types 
for the different duties. Again, some separators can do multiple 
separations in one unit, but these can be found during 
optimization. Additional heuristics for separation unit 
sequencing are given in Table 11.13 and in reference [9]. 


Table 12.2 Guidelines for Sequencing Separation 
Units 


e Remove the largest product stream first. This makes all of the 
subsequent separation units smaller. 


e For distillation, remove the product with the highest heat of 
vaporization first, if possible. This reduces the heating/cooling duties 
of subsequent units. 


e Do not recombine separated streams. (This may seem obvious, but it is 
often disobeyed.) 


e Do the easy separations first. 


e Do not waste raw materials, and do not overpurify streams based on 
their uses. 


e Remove hazardous or corrosive materials first. 


e Use the less expensive, cruder separation technique first (e.g., liquid- 
liquid extraction before chromatography). 


As with all sets of heuristics, these can be mutually 
contradictory. However, in the initial topology of the separation 
section, the main goal is to follow as many of these heuristics as 
possible. 


Beyond these general guidelines, beware of azeotropes and 
multiple phases in equilibrium, especially when water and 
organics are present. Special techniques are available to deal 
with these problems, some of which are discussed later in this 
chapter. On the other hand, if a single-stage flash will do the 
separation, do not use a column with reflux. 


For the separation section, other important questions to be 
considered include the following: 


1. What are the product specifications for all products? Product 
specifications are developed to satisfy customers who will use these 
products in their own processes. The most common specification is a 
minimum concentration of the main constituent, such as 99.5 wt%. 
Maximum impurity levels for specific contaminants may also be specified, 
as well as requirements for specific physical properties such as color, 
odor, and specific gravity. A single separation technique may not be 
sufficient to meet all the required product specifications, as demonstrated 
in Example 12.1. 


Example 12.1 


In the production of benzene via the hydrodealkylation of 
toluene, it is necessary to produce a benzene product 
stream that contains >99.5 wt% benzene that is water 
white in color (i.e., absolutely clear). If the feed toluene 
to the process contains a small amount of color, 
determine a preliminary separation scheme to produce 
the desired benzene product. 


As a guide, look at the toluene hydrodealkylation 
process shown in Figure 1.5. Because the volatilities of 
toluene and benzene are significantly different, the main 
purification step (the separation of benzene from 
toluene) can be accomplished using distillation, which is 
consistent with Figure 1.5. However, it has been found 
that the compound causing the discoloration of the 
toluene is equally soluble in benzene and toluene, 
causing the benzene product to be discolored. It is 
further found by laboratory testing that the benzene 
product can be decolorized by passing it through a bed of 
activated carbon. Thus, a second separation step, 
consisting of an activated carbon adsorber, will be added 
to the process after the distillation column to decolorize 
the benzene product. 
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. Are any of the products heat sensitive? If any of the products or by- 
products are heat sensitive (i.e., they decompose, deactivate, or 
polymerize at elevated temperatures), the conditions used in the 
separations section may have to be adjusted, as in Example 12.2. 


Example 12.2 


It is known that acrylic acid starts to polymerize at 90°C 
when itis in a concentrated form. Acrylic acid must be 
separated from acetic acid to produce the required purity 
product, and the volatilities of both acids are significantly 
different. This points to distillation as the separation 
method. The normal boiling points of acrylic acid and 
acetic acid are 140°C and 118°C, respectively. How 
should the separation be accomplished to avoid 
degradation of the acrylic acid product? 


The distillation column must be run under vacuum to 
avoid the problem of acrylic acid degradation. The 
pressure should be set so that the bottom temperature of 
the column is less than 90°C. From Figure B.9.1 and 
Table B.9.1, it can be seen that a column pressure of 0.16 
bar at the bottom can accomplish the desired separation 
without exceeding 90°C. 


3. Are any of the products, by-products, or impurities hazardous? Because 
separation between components is never perfect, small quantities of toxic 
or hazardous components may be present in product, fuel, or waste 
streams. Additional purification or subsequent processing of these 
streams may be required, depending on their end use. 


12.3.2 Sequencing of Distillation Columns for Simple Distillation 


Because distillation is still the prevalent separation operation in 
the chemical industry, it will now be discussed in more detail. 
Simple distillation can be defined as distillation of 
components without the presence of any thermodynamic 
anomalies. The most apparent thermodynamic anomaly in 
distillation systems is an azeotrope. Azeotropic distillation is 
discussed in the next section. The remainder of this section is 
for simple distillation. 

As stated earlier, as a general guideline, a minimum of N — 1 
separators are needed to separate N components, and this 
guideline also applies to distillation systems. Therefore, one 
distillation column is required to purify both components from 
a two-component feed. This is the type of problem most often 
studied in separation classes. To purify a three-component feed 
into three “pure” components, two distillation columns are 
required. However, there are two possible sequences, and these 
are illustrated in Figure 12.1(a)(b). Ultimately, the choice of 
sequence depends upon the economics. However, the results of 
the economic analysis often follow the guidelines in Table 12.2. 
For example, if the heavy component (C) is water, it should be 
removed first due to its high heat of vaporization, so the 
sequence in Figure 12.1(b) is likely to be more economical for 
such a situation. This is because the heating and cooling duties 
in the second column are reduced significantly if the water is 
removed first. The sequence in Figure 12.1(b) is also likely to be 
a better choice if component C is present in the largest amount, 
or if component C is the only corrosive component. This is 
because in the former case, the second column will be smaller, 
and in the latter case, the second column may not need the 
expensive materials of construction needed for corrosion 
protection used in the first column. 
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Figure 12.1 Column Arrangements for Simple Distillation of 
Three-Component Feed 


It must be understood that more than N - 1 distillation 
columns are permissible. There are cases that have been 
reported where the sequence in Figure 12.1(c) is actually more 
economical than either of the sequences in Figure 12.1(a)(b). 
This occurs because the sequence in Figure 12.1(c) has lower 
utility costs that offset the capital cost of the extra column and 
peripherals [10]. Actually, the sequence represented in Figure 
12.1(c) can be accomplished in one column, a partitioned 
column with a vertical baffle, as illustrated in Figure 12.1(d) 
[10]. The presence of the vertical baffle makes the column 
behave like the three columns in Figure 12.1(c). The lesson 
learned here is that distillation practice can be very different 
from distillation theory. Textbooks usually state unequivocally 
that N - 1 distillation columns are required for separation of N 
components. However, the two examples presented here 
demonstrate that the minimum number of columns predicted 
from theory may not be the distillation sequence used in 
practice. 

Other distillation column configurations are possible 
[11-13]. In these references, there are column configurations 
known as Petlyuk-type columns. It should be noted that even 
though the configuration in Figure 12.1(c) looks like a Petlyuk— 
type II column, it is not, due to the presence of a reboiler and a 
condenser on the first column, units that are not present in the 
Petlyuk—type II column. 

Figure 12.1(a)(b) shows the two theoretical simple sequences 
possible for separating three components in simple distillation. 
As the number of components increases, so does the number of 
alternative simple sequences. The number of alternative simple 
sequences, S, for an N-component feed stream is given by [14] 


2 P(N-1) 
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There are other column arrangements possible for simple 
distillation. Some of these are illustrated in Figure 12.2. Figure 
12.2(a) illustrates distillation with a side stream. It must be 
understood that in a typical distillation column, a side stream 
does not contain a pure component; it contains a mixture. In 
certain petroleum refining operations, side streams are 
common because a mixture is the desired product. Sometimes a 
side stream is withdrawn because it contains a maximum 
concentration of a third component—for example, in the 
purification of argon from air. 
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Figure 12.2 Other Distillation Column Arrangements for 
Simple Distillation 


Figure 12.2(a) should not be confused with Figure 12.1(d), 
because the presence of the vertical baffle in the latter makes 
that column behave differently. Figure 12.2(b) represents a 
stripping column (sometimes called a reboiled absorber), and 
Figure 12.2(c) represents a rectifying column. A stripping 
column is used when the light components are very dilute and 
when they need not be purified. A rectifying column is used 
when the heavy components are very dilute and need not be 
purified. The performance of the stripping and rectifying 
columns can be understood from their McCabe-Thiele 
representations, shown in Figure 12.2(d)(e), respectively. 


12.3.3 Azeotropic Distillation 


Distillation involving azeotropes does not conform to the 
guidelines discussed in Section 12.3.2. This is best illustrated by 
examining the thermodynamic behavior of a binary 
homogeneous azeotrope, illustrated in Figure 12.3. Clearly, no 
McCabe-Thiele construction can be made to produce two pure 
products from the indicated feed. The heavy component can be 
purified, but an infinite number of stages above the feed would 
be required just to approach the azeotropic concentration, (Xaz 
Yaz), the point where the equilibrium curve crosses the 45° line. 
There are minimum-and maximum-boiling azeotropes, 
although minimum-boiling azeotropes (where the azeotrope is 
at a lower temperature than either pure-component boiling 
point) are more common. Minimum-boiling azeotropes arise 
from repulsive forces between molecules. One way of thinking 
about azeotropes is that the volatility switches. In Figure 12.3, 
Component A is more volatile when it is present below the 
azeotropic composition, but Component B is more volatile when 
Component A is present above the azeotropic composition. 
Given that simple distillation exploits the difference in volatility 
between components, it is easy to understand how the switch in 
volatility makes simple distillation impossible. 
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Figure 12.3 X-Y Diagram for Component A Forming a 
Minimum-Boiling, Binary Azeotrope with Component B 
(Constant Pressure) 


In the next section, methods for accomplishing distillation- 
based separations in the presence of azeotropes for binary 
systems are discussed. In the subsequent section, methods for 
azeotropic distillation involving three components are 
discussed. 


Binary Systems. The methods used to distill beyond 
azeotropes in binary systems are illustrated using McCabe- 
Thiele diagrams. Four of the more popular methods are 
discussed here. A more complete discussion is available in any 
standard separations textbook [15]. 

The more popular methods for breaking binary azeotropes 
include the following: 


1. One distillation column allows separation close to the azeotrope, and then 
a different separation method is used to complete the purification (Figure 
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Figure 12.4 Distillation Arrangements to Separate 
Binary Azeotropes 


2. Ifthe azeotrope is a binary, heterogeneous azeotrope, that means there is 
a region where the two components form two mutually immiscible liquid 
phases (both in equilibrium with the azeotropic vapor composition, which 


is between the two liquid compositions), and hence a phase separator and 
a second column are added. The phase separator provides one phase on 
the other side of the azeotrope from the feed, so that phase can be purified 
by distillation in a second column (Figure 12.4[b]). 

3. Ifthe azeotrope concentration is pressure sensitive, one column is used to 
distill close to the azeotrope. One “pure” component is produced from the 
bottom of this first column. Then the pressure of the distillate is raised so 
that the azeotropic composition is now below the distillate composition. 
Then a second column is used to purify the second component. Because 
the volatility switches as the azeotrope is crossed, the second component 
is in the bottom stream of the second column (Figure 12.4[c]). This 
particular sequence assumes that the azeotrope is less concentrated in A 
at higher pressures. 

4. Athird component can be added to change the phase behavior. This 
method is discussed in the next section. 


The first alternative is illustrated in Figure 12.4(a). Here, a 
distillation column is used that will provide “pure” B in the 
bottoms and a near-azeotropic mixture in the distillate. The 
McCabe-Thiele construction for this distillation column is 
illustrated in Figure 12.5(a). Then a different type of separation 
is used to purify Component A (not shown on the McCabe- 
Thiele diagram). The impure stream from the second separator 
should be recycled, if possible; however, treatment as a waste 
stream is also possible. The recycle stream will most likely be 
fed to a different tray from the feed stream, because distillation 
column feeds should always be near the point in the column 
with the same concentration as the feed stream. 
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Figure 12.5 McCabe-Thiele Diagrams for Distillation 
Arrangements in Figure 12.4 


An example of this situation is the ethanol-water system, 
which has a binary azeotrope in the 90-95 mol% ethanol range 
(depending on system pressure). A relatively recent method for 
purifying ethanol beyond the azeotropic composition is 
pervaporation [16]. The following question may arise when 
considering this method: Why not just use pervaporation (or 
whatever second separation method is possible) for the entire 
separation? The answer is that, even with volatile energy prices, 


the relatively low cost of energy makes distillation a very 
economical separation method [16]. In most cases, an 
arrangement like Figure 12.4(a) is far less expensive than using 
the second separation method alone. This is because 
separations such as distillation are very economical for 
producing relatively pure products from roughly equal 
mixtures. Obtaining ultrapure products from distillation can 
have unfavorable economics, because large numbers of trays are 
required for very high purity (think about the McCabe-Thiele 
construction). Separations like pervaporation (or any 
membrane separation) have much more favorable economics 
when removing a dilute component from a relatively pure 
component. They are also economically unattractive for large 
processing volumes. Therefore, the combination of distillation 
and another separation like pervaporation usually provides the 
economic optimum. 


In cases where the two components being distilled form an 
azeotrope with two immiscible liquid phases, the method 
illustrated in Figure 12.4(b) can be used to obtain two “pure” 
components. The McCabe-Thiele diagram is shown in Figure 
12.5(b). A characteristic of the equilibrium in this system is the 
horizontal segment of the equilibrium curve, which is caused by 
the phase separation into immiscible phases. The equilibrium 
between the two phases is illustrated by the ends of the 
horizontal segment of the equilibrium curve marked by L, and 
L». Therefore, in one column, the feed is distilled to near- 
azeotropic conditions, and “pure” component B is in the bottom 
stream. The impure distillate is condensed and sent to a phase 
separator. One immiscible phase is on the other side of the 
azeotrope, and it is sent to a second column to purify 
component A in the bottom stream. The impure distillate from 
the second column is condensed and sent to the phase 
separator. It is important to understand that this method works 
only for systems exhibiting this type of azeotropic phase 
behavior. 


If a binary azeotrope is pressure sensitive, the method 
illustrated in Figure 12.4(c) can be used to produce two “pure” 
products. The McCabe-Thiele construction is illustrated in 
Figure 12.5(c)(d). In this illustration, increasing the system 
pressure lowers the azeotropic composition of A. The McCabe- 
Thiele construction in Figure 12.5(d) is at a higher pressure 
than that in Figure 12.5(c). Therefore, for the case illustrated, 
the feed is distilled in one column to produce “pure” B anda 
near-azeotropic distillate (D,). This distillate is then pumped to 
a higher pressure, which lowers the azeotropic composition. At 
a suitable pressure, the distillate from the first column is now 
above the azeotropic composition, and a second column is then 
used to purify A. “Pure” A is the bottoms product of the second 
column because of the reversal in volatilities caused by the 
azeotrope. The near-azeotropic distillate (D.) is recycled to the 
first column. 


A related method for pressure-sensitive azeotropes is to run 
only one column at vacuum conditions. If the equilibrium 
behavior is favorable, the azeotrope will be at a mole fraction of 
A approaching unity. Depending on the desired purity of 
component A, the maximum possible distillate composition 
may be sufficient. 


It is important to remember that pressure-swing methods 
are applicable only when the azeotropic composition is highly 
pressure sensitive. Although there are examples of this 
behavior, it is actually quite rare. 


Azeotropes in Ternary Systems. In binary systems, the 
McCabe-Thiele method provides a conceptual representation of 
the distillation process. In ternary systems, there is a method 
that provides a similar conceptual representation. It is called 
the boundary value design method (BVDM), and it is 
particularly useful for conceptualizing azeotropic distillation in 
ternary systems. This method is introduced here; however, the 
reader seeking a more in-depth treatment of this method and all 
aspects of azeotropic distillation should consult the definitive 
reference in the field [17]. 

In the BVDM, ternary distillation is represented on a right- 
triangular diagram just as binary distillation is represented on a 
rectangular plot in the McCabe-Thiele method. Each point on 
the right-triangular diagram represents the mole fraction of 
each of the three components on a tray. For example, in Figure 
12.6(b), the vertex labeled B is the origin of a rectangular 
coordinate system. At that point, the mole fractions of A and C 
are zero, and the mole fraction of B is obtained by subtraction 
from 1. Hence, the mole fraction of B at the origin is 1. Consider 
any other point on the diagram, point p, as illustrated. The mole 
fractions of C and A are obtained using the horizontal and 
vertical coordinates, respectively, based on B as the origin. The 
mole fraction of B is obtained by subtraction of the mole 
fractions of A and C from 1. 
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Figure 12.6 Comparison of McCabe-Thiele for Binary 
Distillation (a) and Triangular Diagram for Ternary 
Distillation (b) 


For a simple ternary distillation process, a curve can be 
drawn by connecting the compositions on each stage. This is 
equivalent to the operating line in the McCabe-Thiele method. 
This is illustrated in Figure 12.6. It is observed that the curves 
for the rectifying and stripping section intersect. This 
intersection implies a feasible distillation process, just as 
intersection of the operating lines for rectifying and stripping 
implies a feasible binary distillation on the McCabe-Thiele 
diagram. If the curves do not intersect, then the distillation 
operation is not feasible. 

Each point shown on the curves on the triangular diagram is 
analogous to the highlighted points on the McCabe-Thiele 
diagram, where the stepping process intersects the operating 
lines. In the McCabe-Thiele method, the optimum feed location 
is determined by the intersection of the operating lines. It is 
possible to place the feed in a different location; however, the 
optimum location minimizes the number of stages required. For 
simple ternary distillation, the feed tray is fixed at the point of 
intersection of the rectifying and stripping curves on the 
triangular diagram. To trace the tray-to-tray compositions, one 
follows a curve for one section and then switches to the curve 


for the other section at the intersection of the curves. The 
closely spaced points not in the range of operation are those 
analogous to the points on a McCabe-Thiele diagram obtained 
by not switching operating lines in the stepping process and 
pinching as the equilibrium curve is approached. 

It is also observed that the feed point lies on a straight line 
connecting the distillate and bottoms product concentrations. 
This is a consequence of the lever rule and is similar to the 
representation of mixing and separation processes on triangular 
diagrams in extraction processes [18, 19]. The line connecting 
points D, F, and B is a representation of the overall material 
balance on the column. As a consequence of the requirement of 
the overall material balance, for a column (with only one feed 
and without side streams) to be feasible, the points D, F, and B 
must lie on the same straight line. 

Instead of using the equilibrium curve, as is done in the 
McCabe-Thiele diagram, on a triangular diagram, a residue 
curve is used. A residue curve is a plot of the composition of 
the liquid residue in a single-stage batch equilibrium still with 
time at a given pressure (Figure 12.7). In a batch still, as the still 
pot is heated, the more volatile components are boiled off, and 
the concentration of the less volatile components increases with 
time in the still pot. The equation used to calculate the residue 
curve is the unsteady material balance on the still pot for each 
component i. 
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Figure 12.7 An Illustration of Batch Distillation 


where N is the total moles of liquid in the pot and the form of K 
depends on the thermodynamics used to represent the phase 
equilibrium (i.e., Raoult’s Law, equation of state, fugacity, 


activity-coefficient model, etc.). Most process simulation 
packages have utilities to perform this calculation, plot the 
result, and export the data. 

Because the more volatile components are being removed 
with time, the temperature in the still pot increases with time. 
The residue curves represent this fact with an arrow in the 
direction of increasing temperature. It is also true that residue 
curves never cross. Points on the residue curve map are defined 
as follows: 


Stable node: Arrows on all curves point toward this point 
(highest temperature). 


Unstable node: Arrows on all curves point away from this 
point (lowest temperature). 


Saddle point: Arrows point both toward and away from 
this point (intermediate temperature). 


Figure 12.8 shows the residue curve map for a ternary 
system without azeotropes. Note that the curves seeming to 
emanate from the A vertex actually represent initial still pot 
compositions of nearly pure A with an infinitesimal amount of B 
(the curve on the A-B line), with infinitesimal amounts of both 
B and C in differing ratios (the interior curves), or with an 
infinitesimal amount of C (the A-C line). Each point anywhere 
on the triangular diagram is at a different temperature. Because 
the diagram represents liquid compositions, the temperature is 
the bubble point of the mixture at the given pressure. Therefore, 
the vertices of the triangular diagram are at the boiling points of 
the pure components. In Figure 12.8, Component A is the most 
volatile, and Component C is the least volatile. In the discussion 
that follows, the convention of decreasing volatility for 
components A-B-C will be followed. 


A 


Figure 12.8 Residue Curve Map for Ternary System without 
Azeotrope 


There are many possible representations of azeotropes on 
triangular diagrams. Four are shown in Figure 12.9. In Figure 
12.9(a), there is a binary, minimum-boiling azeotrope between 
Components A and B. In Figure 12.9(b), there is a binary, 
minimum-boiling azeotrope between Components B and C that 
boils above pure Component A. In Figure 12.9(c), there is a 
binary, minimum-boiling azeotrope between Components A 
and C that boils below pure Component A. In Figure 12.9(d), 
there are two binary, minimum-boiling azeotropes. One is 
between Components A and B that boils below pure Component 
A, and the other is between Components A and C that also boils 
below pure Component A. 
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Figure 12.9 Some Possible Azeotropic Situations for Ternary 
Systems 


There are three key rules to using residue curves to 
conceptualize distillation processes: 


1. Because the temperature increases from top to bottom in a distillation 
column, the time variable can be replaced with a height variable in 
Equation (12.2). This is true only for a packed column; however, the 
equivalence of a certain column height and a tray (HETP, height 
equivalent to a theoretical plate) makes generalization to tray columns 
possible. 

2. The residue curve is the composition profile in a continuous, packed 
distillation column at total reflux. 

3. The BVDM (residue curves on triangular diagrams) is useful only for 
conceptualization, not numerical calculations, in contrast with the 
McCabe-Thiele method, which can be used for numerical calculations. 


Therefore, to represent a feasible distillation process 
qualitatively, the second point combined with the material 
balance criterion illustrated in Figure 12.6 (feed, distillate, and 
bottoms product must lie on the same straight line) means that 
there must be a straight line connecting the feed, distillate, and 


bottoms that intersects the same residue curve, with one end at 
the distillate and the other end at the bottoms. It must be 
remembered that there are an infinite number of residue curves 
on a triangular plot, even though only two or three are actually 
drawn. Figure 12.10 shows examples of feasible and nonfeasible 
distillation processes. Figure 12.10(a) is for a system without 
azeotropes, and Figure 12.10(b) is for a system with a 
minimum-boiling azeotrope between Components A and B. 
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Figure 12.10 Feasible and Nonfeasible Distillation Processes 


In the preceding section, a method for breaking binary 
azeotropes was mentioned that involved adding a third 
component to break the azeotrope. A key question is how to 
pick the added component. One answer is to pick an 
intermediate-boiling component that does not create a new 
azeotrope and has a residue curve map without any boundaries 
like Figure 12.9(c). The distillation column sequence and the 
representation of the sequence on the boundary value diagram 
are shown in Figure 12.11. The residue curve map suggests a 
feasible, intermediate-boiling component to break the azeotrope 
and also suggests the method for column sequencing and 
recycles to accomplish the separation. It should be noted that 
finding an intermediate-boiling component to break an 
azeotrope can be a difficult task given the narrow boiling point 
range required. Quite often, high-boiling components are used 
to break azeotropes. One of the most common examples is the 
use of ethylene glycol to break the ethanol-water azeotrope. An 
analysis of this situation is beyond the scope of this discussion. 
However, it is important to mention that the details of the 
boundary value design method require that the high-boiling 
component be added as a separate feed to the column and not 
be mixed with the process stream feed [17]. 


— Distillation Column 
-—-——- Mixing 


Figure 12.11 Method for Breaking Binary Azeotrope Using 
Intermedate-Boiling Entrainer 


On residue curve maps, a boundary is defined as the curve 
that separates two regions within which simple distillation is 
possible. In Figure 12.9, plots (b) and (d) have boundaries. A 
boundary separates two regions with residue curves not having 
the same starting and ending point. Therefore, plots (a) and (c) 
have no boundary. No simple distillation process in a single 
column may cross a straight boundary. Also, if a boundary is 
straight, the product streams from a multiple-column 
arrangement may not cross the boundary. 


When the boundary is curved, there are more options for 
separation sequences. This is because the only requirement is 
that the distillate and bottoms product from a column be in the 
same region. The feed can lie in a different region. Also, if a 
boundary is curved, the product streams from a multiple- 
column arrangement may lie in a region across the boundary. 
Therefore, a column such as the one illustrated in Figure 12.12 
is feasible. Example 12.3 shows how this feature can be 
exploited. 


A 


Figure 12.12 Feasible Column Operation with Curved 
Boundary 


Example 12.3 


For the system illustrated in Figure 12.9(b), with a feed 
mixture of B and C (denoted F), conceptualize a 
distillation sequence that produces “pure” B and C using 
a light entrainer, A. 


One possible sequence is illustrated in Figure E12.3. 


(b) A 


Distillation Column 


B F B, C 


Figure E12.3 Process Configuration and Residue 
Curve Map for Example 12.3 


It is also observed that the distillate D; is not very 
pure. This is because of the layout of the residue curves. 
Therefore, another feature of the residue curves map is 
that it suggests when concentration of a component is 
possible and when it is not possible to achieve a high- 
purity product. 


In summary, the BVDM or residue curve plots can be used to 
conceptualize feasible distillation sequences. It is particularly 
useful for azeotropic systems involving three components, 
either when there are three components in the feed or when an 
entrainer is added to break a binary azeotrope. This method has 
only been introduced in this section, so care must be taken 
when applying this method without additional reading. 
Reference [17] is suggested for further reading. 


12.4 REACTOR FEED PREPARATION AND 
SEPARATOR FEED PREPARATION 
SECTIONS 


The purpose of these sections is to match the temperature and 
pressure desired for the inlet streams to the reactor section and 
to the separation section. If the reactor operates at high 
temperature (a common occurrence because this increases 
reaction rate), the reactor feed preparation and separator feed 
preparation sections are often combined in a single process- 
process heat exchanger. Such heat integration can be built into 
the base-case flowsheet, but, if not, it should be caught during 
the heat integration step of optimization (see Chapter 15). 

Pressure may also need to be increased for the reactor (or, 
infrequently, decreased), and this requires a pump for liquids or 
a compressor for gases. When there is a choice, pumps are 


preferable to compressors, because the operating, capital, and 
maintenance costs are all lower for pumps. If pressure is 
reduced between the reactor and the separator sections (or 
anywhere else in the process), an expander can be considered 
(for gases), but often it is not economical both because of its 
high cost and also because it reduces the controllability of the 
process. A valve allows control at a modest cost, but energy is 
not recovered. 


In these temperature and pressure matching sections, the 
lowest-cost utility should always be used. For heating the feed 
to an exothermic reaction, heat integration can be used with the 
reactor effluent. For low-temperature heating, low-pressure 
steam or another low-temperature utility is used. For safety 
reasons, exothermic reactions (when reactor runaway is 
possible) should be run, with the reactor feed coming in at a 
temperature high enough to ensure a significant reaction rate. 
This avoids the buildup of large inventories of unreacted feed 
materials, which can happen if cold material enters the reactor 
and quenches the reaction. When sufficient heat is later 
provided, the entire contents of the reactor could react very 
rapidly, a process called ignition. 

When possible, consider operation between 1 and 10 bar. 
High pressures increase pumping, compression, and capital 
costs, whereas low pressures tend to increase the size and cost 
of vessels. The temperature of the feed to the separation unit (at 
least for the base case) is usually set between the boiling points 
of the top and bottoms product for distillation, or based on 
similar considerations for the other separation options. 


12.5 RECYCLE SECTION 


This section is relatively straightforward. The stream or streams 
of unreacted raw materials are sent back to the reactor to reduce 
feed costs, to reduce impurities in the product, or to improve 
the operation of the process. If the conditions of the recycle 
streams are close to those of the raw material feed, then the 
recycle stream should mix with the raw materials prior to the 
reactor feed preparation section. Otherwise, any 
heating/cooling or pressure increase/decrease should be done 
separately. Thus, the recycle stream is combined with the raw 
material streams when they are all at a similar temperature. 
Example 12.4 involves a recycle in a biochemical process. 


Example 12.4 


A recycle is used to return enzyme to the reactor. What 
particular concerns must be addressed in the recycle 
section? 

The enzyme must be protected from deactivation and 
from degradation by microbes during the recycle, which 
might include storage times between batches. The recycle 
must be maintained in aseptic conditions, at the 


appropriate temperature and pH. 


12.6 ENVIRONMENTAL CONTROL 
SECTION 


As stated previously and in Chapter 27, this section should be 
eliminated or minimized through pollution prevention and 
green engineering. However, especially if the contaminant has 
little or no value if concentrated, there will be relatively dilute 
waste streams generated and sent to the environmental control 
section. Here, they are concentrated (by the separation 
techniques discussed earlier) and then disposed of (by 
incineration, neutralization, oxidation, burial, or other means). 
The keys are to concentrate the waste and to make it benign. 


12.7 MAJOR PROCESS CONTROL LOOPS 


During the initial synthesis of the PFD, the major control loops 
are developed. These control loops affect more than just one 
unit of a process. For example, the level control in the 
condensate tank of a distillation column is necessary for plant 
operation. On the other hand, a reactor temperature controller 
that changes the flowrate of molten salt through the cooling 
tubes of a reactor is a major loop and should be shown on the 
PFD. 


It is through the early development of major control loops 
that significant design improvements can be made. In the high- 
temperature exothermic reactor, for example, failure to 
consider the control loop might lead one to propose an 
integrated heat-exchanger network that is difficult or 
impossible to control. 


Beyond the importance of the control loops in maintaining 
steady-state material balance control, assurance of product 
purity, and safety, they provide focal points for the optimization 
that will follow the initial PFD synthesis. As described in 
Chapter 14, the controlled variables are the variables for which 
there is a choice. The best values of these variables are found 
through optimization. These loops also provide early clues to 
the flexibility of the process operation. For example, if the feed 
to the reactor is cut in half, less heat needs to be removed. 
Therefore, there must be an increase in the temperature of the 
cooling medium, which occurs when the coolant flowrate is 
reduced. Process control may be very difficult but is extremely 
important in biological processes, as demonstrated in Example 
12.5. 


Example 12.5 


In biological waste treatment, microbes that eat the 
waste and produce benign products are used. In one class 
of such processes, called activated sludge, the culture 
is separated from reactor output and recycled. What 


specfic process control issues arise in such a process? 

The culture must maintain sufficient activity 
throughout the recycle. The recycle conditions may 
become nutrient poor if nearly all the waste nutrient is 
consumed, leading to loss of activity. The activity of the 
culture might be adversely affected by upsets in the feed 
conditions to the reactor, such as pH extremes or high 
concentrations of compounds toxic to the culture. 
Therefore, feed-forward control using measurements of 
the feed conditions should be considered, as well as 
control of a reserve of the culture to be used in case an 
uncontrolled process upset leads to culture death. 
Immediate, on-line analysis of culture activity is difficult, 
but off-line measurements can be incorporated into the 
control scheme. 


12.8 FLOW SUMMARY TABLE 


The format for the flow summary table is given in Chapter 1. 
Each of the conditions (temperature, pressure, flowrate, 
composition, and phase) should be estimated early in the 
flowsheet development. All are needed to get preliminary costs, 
for example. Even estimates based on perfect separations can 
provide sufficient data to estimate the cost of a recycle versus 
the value of burning the impure, unreacted feed material as a 
fuel. 

Completeness of the estimates, not their accuracy, is 
important at this stage. For example, an early determination of 
phase (solid versus liquid versus gas) is needed to help choose a 
separation scheme or reaction type (see Table 12.1). 


12.9 MAJOR EQUIPMENT SUMMARY 
TABLE 


Chapter 1 explains the requirements of a major equipment 
summary table. In the context of initial PFD development, the 
process of creating the table forces the process design engineer 
to question the size (and cost) of various units for which there 
may well be other options. If, early on, one must specify a large 
compressor, for example, the process can be changed to a lower 
pressure or it can be modified to use liquid pumping followed 
by vaporization rather than vaporization followed by 
compression. The early consideration of materials of 
construction provides the clue that normal temperatures and 
pressures usually result in less expensive materials. 


12.10 SUMMARY 


The inclusion of enough detail and the freedom to look at the 
big picture without the burden of excessive detail are the keys to 
successful PFD synthesis. One must remain fully aware of the 
broadest goals of the project while looking for early changes in 


the structure of the flowsheet that can make significant 
improvements. Particular attention must be paid to the 
separations and reactor sections. The formation of azeotropes 
between components to be separated greatly affects the 
separation sequence. These must be identified early in the 
synthesis. 

The beginning of the process is the generic block flow 
process diagram. Although the flow summary table at this stage 
is based on crude assumptions and the equipment summary 
table is far from the final equipment specifications, they help 
keep the chemical engineer cognizant of key choices that need 
to be made. 


WHAT YOU SHOULD HAVE LEARNED 


To synthesize a process flow diagram from a block flow diagram, the 
following key information is needed: 


e Physical property data 
e Reaction kinetics 


The reactor section and the separation section are synthesized first. 


The reactor feed preparation section and the separator feed 
preparation section are synthesized either along with or immediately 
following their corresponding sections. 


If needed, the recycle section is synthesized next. 


The final items synthesized are the environmental control section and 
the major control loops. 
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PROBLEMS 
1. Choose one of the cases from Appendix B. Identify 


1. All required physical property data 
2. Sources for all data needed but not provided 


2. Search the patent literature for kinetics information for one 
of the processes in Appendix B. Convert the provided data to 
a form suitable for use on a process simulator. 


3. Develop five heuristics for reactor design. 


4. For design of an exothermic reactor with cooling, one needs 
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to choose an approach temperature (the nominal 
temperature difference between the reaction zone and the 
cooling medium). One engineer claims that the temperature 
difference across the tube walls should be as small as 
possible. Another claims that a large temperature difference 
is better for heat transfer. 


. Describe the advantages and disadvantages of these two choices from the 


point of view of capital costs. 


. Describe the advantages and disadvantages of these two choices from the 


point of view of operating costs. 


. Describe the advantages and disadvantages of these two choices from the 


point of view of operability of the process. 


Are there any safety considerations in the choice of heat 
transfer driving force (AT) in Problem 12.4? Explain. 


From the flowsheets in Appendices B and C, identify four 
examples of each of the following types of recycles described 
in this chapter: 


Recycles that reduce feed costs 


Recycles that reduce impurities in products 


Recycles are also used for the following purposes. Identify 
four examples of each. 


Heat removal 
Flowrate control 
Improvement of separation 


Reduction of utility requirements 


From your previous courses and experience, identify four 
process recycle streams that serve different purposes from 
those identified in Problem 12.7(a) through (d). 


. What information is needed about the available utilities 


before a choice between them can be made for a specific 
heating duty? 


Take a flowsheet for one of the processes in Appendix B and 
identify the reactor feed preparation, reactor, separator feed 
preparation, separator, recycle, and environmental control 
sections. Is there any ambiguity concerning the demarcation 
of these sections? Explain. 


How many simple distillation columns are required to purify 
a stream containing four components into four “pure” 
products? Sketch all possible sequences. 


How many simple distillation columns are required to purify 
a stream containing five components into five “pure” 
products? Sketch all possible sequences. 


Illustrate a system (PFD and McCabe-Thiele diagrams) to 
purify two components (A and B) from a binary, 
homogeneous, minimum-boiling azeotrope that is pressure 


14. 


L 
2. 
3. 
4. 


15. 


16. 


17. 


sensitive. The feed concentration of A is greater than the 
azeotropic composition at the pressure of the column 
receiving the feed. The azeotropic composition of A 
decreases with increasing pressure. 


In the production of dimethyl carbonate from methanol, it is 
necessary to separate methanol from formal (also known as 
methylal—C,HgO.). However, an azeotrope exists between 
these two components. Using a process simulator, examine 
the equilibrium curves (x-y plots) between 100 kPa and 
1000 kPa to determine a strategy for purifying these two 
components. Compare your results for the following 
thermodynamic packages for the K-value: 


Ideal 
NRTL 
UNIFAC 
SRK 


What do you learn from this comparison? 


In the production of diethyl ether, it is necessary to purify a 
stream of equimolar diethyl ether and water that is available 
at 1500 kPa. Suggest a method for achieving this separation. 
Use the UNIQUAC model for the K-value. Would your 
answer be different if, for example, only 99 mol% purity 
were needed instead of 99.9 mol%? What do you learn and 
how does your answer change if the four models for K-values 
in Problem 12.14 are used? What do you learn from this 
comparison? 


In the production of diethyl ether, assume that it is 
necessary to purify a stream at 1500 kPa containing 75 mol% 
diethyl ether, 20 mol% ethanol, and 5 mol% dimethyl ether. 
Assume that the UNIQUAC model adequately predicts the 
thermodynamics of this system. 


. Use the residue curve plotting routine on your simulator to plot the 


residue curves. 


. Suggest a method for separating this mixture into three relatively pure 


components. 


. How would your answer to Part (b) change if the stream contained 85 


mol% diethyl ether, 10 mol% ethanol, and 5 mol% dimethy] ether? 


. Examine the effect of changing the pressure of the distillation columns. 


Suggest a much simpler method for achieving the necessary separation. 


When your parents or grandparents were in college, it was 
not uncommon to “borrow” some “pure” ethanol (grain 
alcohol) from the university to add to a party punch. 
However, because of the azeotrope between ethanol and 
water, “pure” ethanol is not easy to manufacture. At that 
time, it was not uncommon for benzene to be added as an 
entrainer to break the azeotrope. Of course, this means that 
all “pure” ethanol contained trace amounts of benzene, 
which was later identified as a carcinogen. By plotting both 


residue curves and TPxy diagrams for the ethanol-water 
system, suggest a method for purifying ethanol by adding 
benzene as an entrainer. Assume that the UNIQUAC model 
applies and that the feed stream of ethanol and water is 
equimolar and at atmospheric pressure. 


18. Does Equation (12.1) give the number of alternative 
sequences for separation processes other than distillation? If 
SO, give two examples. If not, why not? 


19. What constraints on the separation process and on the 
sequence are assumed in the derivation of Equation (12.1)? 


20. Figure 12.1(d) shows a nonsimple separation unit. When 
one says that the minimum number of simple separation 
units is (N — 1), these nonsimple units are not considered. 
Identify four other examples of nonsimple separation units. 
For each, discuss how it might affect 


1. Capital cost 
2. Operability and safety 
3. Operating costs 


21. Does Equation (12.1) apply to batch or semibatch separation 
processes? Why or why not? 


22. The residue curve map of Figure 12.9(a) shows that batch 
distillation of a mixture at the azeotropic composition for the 
system (A + B) with a small amount of C added will result in 
a very pure liquid C residue in the still. Is this a good 
separation unit choice to obtain “pure” C? Analyze the 
advantages and disadvantages. 


23. On a residue curve map, will the composition of a ternary, 
minimum-boiling azeotrope always be a stable node, an 
unstable node, a saddle point, or none of the above? 


24. As noted in Section 12.1.1, laboratory studies often involve 
batch or semibatch reactors for convenience. Develop four 
heuristics for choosing whether to use batch, semibatch, or 
continuous reactors for the commercial plant. 


25. Semibatch or batch reactors are common in biochemical 
operations. What characteristics of biological systems, 
materials, and products lead to the choice of batch over 
continuous reactors? To what extent do these characteristics 
also lead to unsteady operations of other GBFD sections? 


1. Reactor feed preparation 
2. Separator feed preparation 
3. Separator 

4. Recycle 

5. Environmental control 


26. The unique characteristics of an azeotrope make it ideal for 
some applications. Find three applications of azeotropic 
products. How is the production of an azeotropic 


composition different from the production of “pure” A and B 
when (A + B) forms an azeotrope? Does the process differ 
for a minimum-boiling and a maximum-boiling azeotrope? 


27. For biological systems (which often have a very narrow 
range of acceptable temperatures), describe the advantages 
and disadvantages of large and small DT ’s in reactor 
temperature control systems. 


28. Biological systems often require sterilization as a step before 
inoculation with the appropriate microbial culture. 
Sterilization can be considered a reaction process in which 
organisms are killed, often through cell lysis, using thermal 
or chemical routes. Consider both batch and continuous 
sterilization. Which has advantages for sterilizing process 
equipment? Which has advantages for sterilizing reactor 
feedstock? (Note: For some biochemical processes, 
sterilization is neither required nor desired, e.g., waste 
treatment.) 


Chapter 13: Synthesis of a Process 
Using a Simulator and Simulator 
Troubleshooting 


WHAT YOU WILL LEARN 


Process simulators are used in the design of chemical processes. 


All process simulators contain the same basic algorithms and require 
the same information, but they all have different user interfaces. 


The correct choice of thermodynamics package is crucial for accurate 
simulations of chemical processes. 


Simulation of highly nonideal vapor-liquid equilibrium is supported 
by all process simulators. 


Using solid components requires careful evaluation and 
implementation. 


The advancement in computer-aided process simulation over 
the past generation has been nothing short of spectacular. Until 
the late 1970s, it was rare for a graduating chemical engineer to 
have any experience in using a chemical process simulator. 
Most material and energy balances were still done by hand by 
teams of engineers. The rigorous simulation of multistaged 
separation equipment and complicated reactors was generally 
unheard of, and the design of such equipment was achieved by a 
combination of simplified analyses, shortcut methods, and 
years of experience. In the present day, however, companies 
now expect their junior engineers to be conversant with a wide 
variety of computer programs, especially a process simulator. 
To some extent, the knowledge base required to simulate a 
chemical process successfully will depend on the simulator 
used. Currently there are several process simulators on the 
market, for example, CHEMCAD, Aspen Plus, Aspen HYSYS, 
PRO/II, and SuperPro Designer. Many of these companies 
advertise their product in the trade magazines—for example, 
Chemical Engineering, Chemical Engineering Progress, 
Hydrocarbon Processing, or The Chemical Engineer—and on 
the Internet. A process simulator typically handles batch, 
semibatch, and continuous processes; although, the extent of 
integration of the batch and continuous processes in a single 
process flow diagram (PFD) varies among the various popular 
simulators. The availability of such powerful software is a great 
asset to the experienced process engineer, but such 
sophisticated tools can be potentially dangerous in the hands of 
the neophyte engineer. The bottom line in doing any process 
simulation is that you, the engineer, are still responsible for 
analyzing the results from the computer. The purpose of this 


chapter is not to act as a primer for one or all of these products. 
Rather, the general approach to setting up processes is 
emphasized, and the aim is to highlight some of the more 
common problems that process simulator users encounter and 
to offer solutions to these problems. Some typical errors made 
by novice simulator users are discussed. In addition, two 
sections have been included at the end of this chapter on 
electrolyte systems and solids modeling. Electrolyte systems 
play a key role in many processes. These systems can be 
modeled in current process simulators reasonably accurately 
without significant effort. Many process simulators now also 
have the capability to model solids. This helps to integrate the 
unit operations involving solids with the rest of the plant 
without major simplifications. 


13.1 THE STRUCTURE OF A PROCESS 
SIMULATOR 


The six main features of all process simulators are illustrated in 
the left-hand column of Figure 13.1. These elements are as 
follows: 


Basic Computational Elements Sequence of Input Steps 
in Process Simulator for a Simulation Problem 


Select Chemical 


Component _ Components 
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~~n Select 
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Figure 13.1 Relationship between Basic Computational 
Elements and Required Input to Solve a Process Simulation 
Problem 


1. Component Database: This contains the parameters required to 
calculate the physical properties from the thermodynamic models. 

2. Thermodynamic Model Solver: A variety of options for vapor-liquid 
(VLE) and liquid-liquid (LLE) equilibrium, enthalpy calculations, and 
other thermodynamic property estimations are available. 

3. Flowsheet Builder: This part of the simulator keeps track of the flow of 
streams and equipment in the process being simulated. This information 
is input and displayed graphically. 

4. Unit Operation Block Solver: Computational blocks or modules are 
available that allow energy and material balances and some design 
calculations to be performed for a wide variety of process equipment. 

5. Data Output Generator: This part of the program serves to customize 
the results of the simulation in terms of an output report. Often, graphical 
displays of tower profiles, heating curves, and a variety of other useful 


process data can be produced. 


6. Flowsheet Solver: This portion of the simulator controls the sequence 
of the calculations and the overall convergence of the simulation. 


There are several other elements commonly found in process 
simulators that are not shown in Figure 13.1. For example, there 
are file control options, the option to use different engineering 
units, possibly some additional features associated with 
regressing data for thermodynamic models, and so on. The 
availability of these other options is dependent on the simulator 
used and will not be discussed further. 

Also shown on the right-hand side of the diagram in Figure 
13.1 are the seven general steps to setting up a process 
simulation problem. The general sequence of events that a user 
should follow in order to set up a problem on a simulator is as 
follows: 


1. Select all of the chemical components that are required in the process 
from the component database. 

2. Select the thermodynamic models required for the simulation. These may 
be different for different pieces of equipment. For example, to simulate a 
liquid-liquid extractor correctly, it is necessary to use a thermodynamic 
model that can predict liquid-phase activity coefficients and the existence 
of two liquid phases. However, for a pump in the same process, a less 
sophisticated model could be used. 


3. Select the topology of the flowsheet to be simulated by specifying the 
input and output streams for each piece of equipment. 

4. Select the properties (temperature, pressure, flowrate, vapor fraction, and 
composition) of the feed streams to the process. 


5. Select the equipment specifications (parameters) for each piece of 
equipment in the process. 


6. Select the way in which the results are to be displayed. 
7. Select the convergence method and run the simulation. 


Step 3 is achieved by constructing the flowsheet using 
equipment icons and connecting the icons with process streams. 
Sometimes, it is convenient to carry out this step first. 

The interaction between the elements and steps and the 
general flow of information is shown by the lines on the 
diagram. Of the seven input steps given above, Steps 2, 5, and 7 
are the cause of most problems associated with running process 
simulations. These areas will be covered in more detail in the 
following sections. However, before these topics are covered, it 
is worth looking at the basic solution algorithms used in process 
simulators. 

There are basically three types of solution algorithms for 
process simulators [1]: sequential modular, equation solving 
(simultaneous nonmodular), and simultaneous modular. 

In the sequential modular approach, the equations 
describing the performance of equipment units are grouped 
together and solved in modules—that is, the process is solved 
equipment piece by equipment piece. In the equation solving, or 
simultaneous nonmodular, technique, all the relationships 
for the process are written out together and then the resulting 
matrix of nonlinear simultaneous equations is solved to yield 


the solution. This technique is very efficient in terms of 
computation time but requires a lot of time to set up and is 
unwieldy. The final technique is the simultaneous modular 
approach, which combines the modularizing of the equations 
relating to specific equipment with the efficient solution 
algorithms for the simultaneous equation solving technique. 


Of these three types, the sequential modular algorithm is by 
far the most widely used. In the sequential modular method, 
each piece of equipment is solved in sequence, starting with the 
first, followed by the second, and so on. It is assumed that all 
the input information required to solve each piece of equipment 
has been provided (see Section 13.2.5). Therefore, the output 
from a given piece of equipment, along with specific 
information on the equipment, becomes the input to the next 
piece of equipment in the process. Clearly, for a process without 
recycle streams, this method requires only one flowsheet 
iteration to produce a converged solution. The term flowsheet 
iteration means that each piece of equipment is solved only 
once. However, there may be many iterations for any one given 
piece of equipment, and batch units require time-series 
calculations to match the required scheduling of operations for 
the given unit. This concept is illustrated in Figure 13.2. 


Individual equipment blocks may require 
iterative solution algorithms. 


Overall process solution is sequential and not iterative. 


Figure 13.2 Solution Sequence Using Sequential Modular 
Simulator for a Process Containing No Recycles 


The solution sequence for flowsheets containing recycle 
streams is more complicated, as shown in Figure 13.3. Figure 
13.3(a) shows that the first equipment in the recycle loop (C) 
has an unknown feed stream (r). Thus, before Equipment C can 
be solved, some estimate of Stream r must be made. This leads 
to the concept of tear streams. A tear stream, as the name 
suggests, is a stream that is torn or broken. If the flowsheet in 
Figure 13.3(b) is considered, with the recycle stream torn, it can 
be seen, provided information is supplied about Stream r2, the 
input to Equipment C, that the flowsheet can be solved all the 
way around to Stream ri using the sequential modular 
algorithm. Then Streams r1 and r2 are compared. If they agree 
within some specified tolerance, then there is a converged 
solution. If they do not agree, then Stream r2 is modified and 
the process simulation is repeated until convergence is 
obtained. The splitting or tearing of recycle streams allows the 
sequential modular technique to handle recycles. The 
convergence criterion and the method by which Stream r2 is 
modified can be varied, and multivariable successive 
substitution, Wegstein, and Newton-Raphson techniques [2, 3] 


are all commonly used for the recycle loop convergence. 
Usually, the simulator will identify the recycle loops and 
automatically pick streams to tear and a method of 
convergence. The tearing of streams and method of convergence 
can also be controlled by the user, but this is not recommended 
for the novice. Note that the implementation of heat integration 
(Chapter 15) may introduce (many) recycle streams. 


E: Unit Operation in Simulator 


Figure 13.3 The Use of Tear Streams to Solve Problems with 
Recycles Using the Sequential Modular Algorithm 


(b) 


13.2 INFORMATION REQUIRED TO 
COMPLETE A PROCESS 
SIMULATION: INPUT DATA 


Referring back to Figure 13.1, each input block is considered 
separately. The input data for the blocks without asterisks (1, 3, 
4, and 6) are quite straightforward and require little 
explanation. The remaining blocks (2, 5, and 7) are often the 
source of problems, and these are treated in more detail. 


13.2.1 Selection of Chemical Components 


Usually, the first step in setting up a simulation of a chemical 
process is to select which chemical components are going to be 
used. The simulator will have a databank of many components 
(more than a thousand chemical compounds are commonly 
included in these databanks). It is important to remember that 
all components—inerts, reactants, products, by-products, 
utilities, and waste chemicals—should be identified. If the 
chemicals that are needed are not available in the databank, 
then there are usually several ways that components (user- 
added components) can be added to the simulation. How to 
input data for user-added components is simulator specific, and 
the simulator user manual should be consulted. 


13.2.2 Selection of Physical Property Models 


Selecting the best physical property model is an extremely 
important part of any simulation. If the wrong property package 


or model is used, the simulated results will not be accurate and 
cannot be trusted. The choice of models is often overlooked by 
the novice, causing many simulation problems down the road. 
Simulators use both pure component and mixture properties. 
These range from molecular weight to activity-coefficient 
models. Transport properties (viscosity, thermal conductivity, 
diffusivity), thermodynamic properties (enthalpy, fugacity, K- 
factors, critical constants), and other properties (density, 
molecular weight, surface tension) are all important. 


The physical property options are labeled as “thermo,” 
“method,” “property package,” or “databank” in common 
process simulators. There are pure-component and mixture 
sections, as well as a databank. For temperature-dependent 
properties, different functional forms are used (from extended 
Antoine equation to polynomial to hyperbolic trigonometric 
functions). The equation appears on the physical property 
screen or in the help utility. 

For pure-component properties, the simulator has 
information in its databank for thousands of compounds. Some 
simulators offer a choice between DIPPR and proprietary 
databanks. These are largely the same, but the proprietary 
databank may contain additional components, petroleum cuts, 
electrolytes, and so on. DIPPR is the Design Institute for 
Physical Property Research (a part of AIChE), and sharing of 
process data across different simulators (e.g., Aspen Plus, 
CHEMCAD, Aspen HYSYS, PRO/II, SuperPro Designer) can be 
enhanced by using that databank. (Note that some proprietary 
databanks may not be supplied in the academic versions of 
these simulators.) All simulators also have built-in procedures 
to estimate pure-component properties from group- 
contribution and other techniques. The details of these 
techniques are covered in standard chemical engineering 
thermodynamics texts [4—6] and are not described here. 
However, the user must be aware of any such estimations made 
by the simulator. Any estimation, by definition, increases the 
uncertainty in the results of the simulation. The entry in the 
databank for each component should indicate estimations. For 
example, many long-chain hydrocarbons have no experimental 
critical point because they decompose at relatively low 
temperatures. However, because critical temperatures and 
pressures are needed for most thermodynamic models, they 
must be estimated. Although these estimations allow the use of 
equation-of-state and some other models, one must never 
assume that these are experimental data. 


Heat capacities, densities, and critical constants are the most 
important pure-component data for simulation. The transport 
and other properties are used in equipment sizing calculations. 
The techniques used in the simulators are no more accurate 
than those covered in transport, thermodynamics, unit 
operations, and separations courses—they are just easier to 


apply. 


Even though simple mass and energy balances cannot be 
done by the simulator without the above-mentioned, pure- 
component properties, often the most influential decision in a 
simulation is the choice of a model to predict phase equilibria. 
Several of the popular simulators have expert systems to help 
the user select the appropriate model for the system. The expert 
system determines the range (usually with additional user 
input) of operating temperatures and pressures covered by the 
simulation and, with data on the components to be used, makes 
an informed guess of the thermodynamic models that will be 
best for the process being simulated. The word expert should 
not be taken too seriously! The expert-system choice is only a 
first guess. Additionally, the model chosen may not be best for a 
given piece of equipment. A moderately complex simulation 
may use at least two different thermodynamic packages for 
different parts of the flowsheet. 

Due to the importance of thermodynamic model selection 
and the many problems that the wrong selection leads to, a 
separate section (Section 13.4) is dedicated to this subject. An 
example of how the wrong thermodynamic package can cause 
serious errors is given in Example 13.1. 


Example 13.1 


Consider the HCl absorber (T-602) in the separation 
section of the allyl chloride process, Figure C.3 in 
Appendix C. This equipment is shown in Figure E13.1. 
The function of the absorber is to contact 
countercurrently Stream 10a, containing mainly 
propylene and hydrogen chloride, with water, Stream 11. 
The HCl is highly soluble in water and is almost 
completely absorbed to form 32 wt% hydrochloric acid, 
Stream 12. The gas leaving the top of the absorber, 
Stream 13, is almost pure propylene, which is cleaned 
and then recycled. 


Figure E13.1 HCl Absorber in Allyl Chloride 
Separation Section (Unit 600), Appendix C 


Solution 


Table E13.1 shows the results for the two outlet streams 
from the absorber—Streams 12 and 13—for two 
simulations, each using a different thermodynamic 
model for the vapor-liquid equilibrium calculations. The 
second and third columns in the table show the results 
using the SRK (Soave [7], Redlich and Kwong [8]) model, 
which is the preferred model for many common organic 
components. The fourth and fifth columns show the 
results using a model that is specially designed to deal 
with ionic type compounds (HCl) that dissolve in water 
and then dissociate. The difference in results is 
remarkable. The HCl-water system is highly nonideal, 
and, even though the absorption of an acid gas into 
aqueous solutions is quite common, the SRK model is not 
capable of correctly modeling the phase behavior of this 
system. With the SRK model, virtually all the HCl leaves 
the absorber as a gas. Clearly, if the simulation were done 
using only the SRK model, the results would be 
drastically in error. This result is especially disturbing 
because SRK is the default thermodynamics package in 
many simulators. 


Table E13.1 Results of Simulation of HCl 
Absorption Using Two Different Physical 
Property Models 


Using SRK Model Using PPAQ* Model 
Phase Stream Stream Stream Stream 
Component 12 13 12 Liquid 13 
Flows (kmol/h) Liquid Vapor Vapor 
Propylene 0.05 57.48 — 57.53 | 
Allyl 0.01 — 0.01 — 
chloride 
Hydrogen 0.91 18.78 19.11 0.58 
chloride 
Water 81.37 0.63 81.88 0.12 | 
Total 82.34 76.89 101.00 58.23 
* This is a model used in the CHEMCAD simulator especially 
for HCl-water and similar systems. 


More details of model selection are given in Section 
13.4. 


The importance of thermodynamic model selection and its 
impact on the validity of the results of a simulation are 
discussed at length by Horwitz and Nocera [9], who warn 


“You absolutely must have confidence in the 
thermodynamics that you have chosen to represent 
your chemicals and unit operations. This is your 


responsibility, not that of the software simulation 
package. If you relinquish your responsibility to the 
simulation package, be prepared for dire 
consequences.” 


13.2.3 Selection and Input of Flowsheet Topology 


The most reliable way to input the topology of the process flow 
diagram is to make a sketch on paper and have this in front of 
you when you construct the flowsheet on the simulator. 
Contrary to the rules given in Chapter 1 on the construction of 
PFDs, every time a stream splits or several streams combine, a 
simulator equipment module (splitter or mixer) must be 
included. These “phantom” units were introduced in Chapter 5 
and are useful in tracing streams in a PFD as well as being 
required for the simulator. They are required in the simulator so 
it “knows” to do the necessary material and energy balances on 
mixers and splitters; however, they should not appear on a PFD. 
Certain conventions in the numbering of equipment and 
streams are used by the simulator to keep track of the topology 
and connectivity of the streams. When using the graphical 
interface, the streams and equipment are usually numbered 
sequentially in the order they are added. These can be altered by 
the user if required. Care must be taken when connecting batch 
and continuous unit operations, because it is often assumed 
that “continuous” units approach steady state instantaneously. 


13.2.4 Selection of Feed Stream Properties 


As discussed in Section 13.1, the sequential modular approach 
to simulation requires that all feed streams be specified 
(composition, flowrate, vapor fraction, temperature, and 
pressure). In addition, estimates of recycle streams should also 
be made. Although feed properties are usually well defined, 
some confusion may exist regarding the number and type of 
variables that must be specified to define the feed stream 
completely. In general, feed streams will contain n components 
and consist of one or two phases. For such feeds, a total of n + 2 
specifications completely defines the stream. This is a 
consequence of the phase rule. Providing the flowrate (kmol/h, 
kg/s, etc.) of each component in the feed stream takes care of n 
of these specifications. The remaining two specifications should 
also be independent. For example, if the stream is one phase, 
then giving the temperature and pressure of the stream 
completely defines the feed. Temperature and pressure also 
completely define a multicomponent stream having two phases. 


However, if the feed is a single component and contains two 
phases, then temperature and pressure are not independent. In 
this case, the vapor fraction and either the temperature or the 
pressure must be specified. Vapor fraction can also be used to 
specify a two-phase multicomponent system, but if used, only 
temperature or pressure can be used to specify the feed 
completely. To avoid confusion, it is recommended that vapor 
fraction (uf) be specified only for saturated vapor (uf = 1), 
saturated liquid (uf = 0), and two-phase, single-component (0 < 
uf < 1) streams. All other streams should be specified using the 
temperature and pressure. 


Use the vapor fraction (vf) to define feed streams only 


for saturated vapor (uf = 1), saturated liquid (uf = 0), 
and two-phase, single-component (0 < uf < 1) streams. 


By giving the temperature, pressure, and vapor fraction for a 
feed, the stream is overspecified and errors will result. 


13.2.5 Selection of Equipment Parameters 


It is worth pointing out that process simulators, with a few 
exceptions, are structured to solve process material and energy 
balances, reaction kinetics, reaction equilibrium relationships, 
phase-equilibrium relationships, and equipment performance 
relationships for equipment in which sufficient process design 
variables and batch operations scheduling have been specified. 
For example, consider the design of a liquid-liquid extractor to 
remove 98% of a component in a feed stream using a given 
solvent. In general, a process simulator will not be able to solve 
this design problem directly; that is, it cannot determine the 
number of equilibrium stages required for this separation. 
However, if the problem is made into a simulation problem, 
then it can be solved by a trial-and-error technique. Thus, by 
specifying the number of stages in the extractor, case studies in 
which the number of stages are varied can be performed, and 
this information can be used to determine the correct number of 
stages required to obtain the desired recovery of 98%. In other 
cases, such as a plug flow reactor module, the simulator can 
solve the design problem directly—that is, calculate the amount 
of catalyst required to carry out the desired reaction. Therefore, 
before starting a process simulation, it is important to know 
what equipment parameters must be specified in order for the 
process to be simulated. 

There are essentially two levels at which a process 
simulation can be carried out. The first level, Level 1, is one in 
which the minimum data are supplied in order for the material 
and energy balances to be obtained. The second level, Level 2, is 
one in which the simulator is used to do as many of the design 
calculations as possible. The second level requires more input 
data than the first. An example of the differences between the 
two levels is illustrated in Figure 13.4, which shows a heat 


exchanger in which a process stream is being cooled using 
cooling water. At the first level, Figure 13.4(a), the only 
information that is specified is the desired outlet condition of 
the process stream—for example, pressure and temperature or 
vapor fraction—if the stream is to leave the exchanger as a two- 
phase mixture. However, this is enough information for the 
simulator to calculate the duty of the exchanger and the 
properties of the process stream leaving the equipment. At the 
second level, Figure 13.4(b), additional data are provided: the 
inlet and desired outlet temperature for the utility stream, the 
fact that the utility stream is water, the overall heat transfer 
coefficient, and the heat-exchanger configuration or log-mean- 
temperature-correction factor, F. Using this information, the 
simulator calculates the heat-exchanger duty, the required 
cooling water flowrate, and the required heat transfer area. 


(a) Level 1 Simulation—Basic 


_— | Outlet Condition of Process Stream 
Input Required by Simulator 


Process Stream In! Heat Process Stream Out 


Exchanger 
ae 


Calculated by Simulator 


(b) Level 2 Simulation—Design/Perfomance 


Outlet Condition of Process Stream 
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Input Required by Simulator Heat Transfer Coefficients 
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Heat 
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Calculated by Simulator 
Duty 
Heat Exchanger Area 


Utility Flowrate 


'This information may come from the preceding unit operation and thus would be supplied 
automatically by the simulator. 


Figure 13.4 Information Required for Different Levels of 
Simulation 


When attempting to do a simulation on a process for the first 
time, it is recommended that the minimum data required be 
provided for a Level 1 simulation. When a satisfactory, 
converged solution is obtained, more data can be provided to 
obtain desired design parameters, that is, a Level 2 solution. 


When first simulating a process, input only the data 


required to perform the material and energy balances 
for the process. 


The structure of the process simulator will determine the exact 


requirements for the input data, and such information will be 
available in the user manual for the software or on help screens. 
However, for Level 1 simulations, a brief list of typical 
information is presented below that may help a novice user 
prepare the input data for a process simulation. 


Pumps, Compressors, and Power Recovery 
Turbines (Expanders). For pumps, the desired pressure of 
the fluid leaving the pump or the desired pressure increase of 
the fluid as it flows through the pump and the efficiency are all 
that is required. 

For compressors and turbines, the desired pressure of the 
fluid leaving the device or the desired pressure increase of the 
fluid as it flows through the equipment is required. In addition, 
the efficiency and the mode of compression or expansion— 
adiabatic, isothermal, or polytropic—are required. 


Heat Exchangers. For exchangers with a single process 
stream exchanging energy with a utility stream, all that is 
required is the condition of the exit process stream. This can be 
the exit pressure (or pressure drop) and temperature (single- 
phase exit condition) or the exit pressure and vapor fraction 
(two-phase exit condition). 

For exchangers with two or more process streams 
exchanging energy (as might be the case when heat integration 
is being considered), the exit conditions (pressure and 
temperature or vapor fraction) for both streams are required. 
However, the system should not be overspecified. Of the two 
flowrates and four temperatures (two input, two output), one 
should not be specified, and the simulator will calculate the 
unknown variable from the energy balance. The user must be 
aware of the possibility of temperature crosses in heat-exchange 
equipment. The simulator may or may not warn the user that a 
temperature cross has occurred but will continue to simulate 
the rest of the process. The results from such a simulation will 
not be valid, and the temperature cross must be remedied 
before a correct solution can be obtained. Therefore, it is 
recommended that the user check the temperature profiles for 
all heat exchangers after the simulation. 


Fired Heaters (Furnaces). The same requirements for 
heat exchangers with a single process fluid apply to fired 
heaters. 


Mixers and Splitters. Mixers and splitters used in process 
simulators are usually no more than simple tees in pipes. Unless 
special units must be provided—for example, when the fluids to 
be mixed are very viscous and in-line mixers might be used—the 
capital investment of these units can be assumed to be zero. 


Mixers represent points where two or more process streams 
come together. The only required information is an outlet 
pressure or pressure drop at the mixing point. Usually, the 
pressure drop associated with the mixing of streams is small, 


and the pressure drop can be assumed to be equal to zero with 
little error. If feed streams enter the mixer at different 
pressures, the simulator assignes the outlet stream pressure to 
be at the lowest pressure of the mixing streams. This 
assumption causes little error in the material and energy 
balance. However, since the pressures of mixing streams will 
be equal, if a system is actually designed with streams mixing 
at different pressures, the pressures will equalize by adjusting 
the flowrates, and the process will not operate as designed. It is 
recommended that valves be added to the simulation so that 
mixing streams are at the same pressure. 

Splitters represent points at which a process stream splits 
into two or more streams with different flowrates but identical 
compositions. The required information is the outlet pressure 
or pressure drop across the device and the relative flows of the 
output streams. Usually, there is little pressure drop across a 
splitter, and all streams leaving the unit are at the same 
pressure as the single feed stream. In a batch operation, the 
splitter can be assigned on and off times to divert the inlet flow 
to various other units on a schedule. 


Valves. Either the outlet pressure or pressure drop is 
required. 


Reactors. The way in which reactors are specified depends 
on a combination of the input information required and the 
reactor category. Generally there are four categories of reactor: 
stoichiometric reactor, kinetic (plug flow or CSTR) reactor, 
equilibrium reactor, and batch reactor. All these reactor 
configurations require input concerning the thermal mode of 
operation: adiabatic, isothermal, amount of heat removed or 
added. Additional information is also required. Each reactor 
type is considered separately below. 


Stoichiometric Reactor: This is the simplest reactor type 
that can be simulated. The required input data are the 
number and stoichiometry of the reactions, the temperature 
and pressure, and the conversion of the limiting reactant. 
Reactor configuration (plug flow, CSTR) is not required 
because no estimate of reactor volume is made. Only basic 
material and energy balances are performed. 


Kinetic (Plug Flow and CSTR) Reactor: This reactor 
type is used to simulate reactions for which kinetics 
expressions are known. The number and stoichiometry of 
the reactions are required input data. Kinetics constants 
(Arrhenius rate constants and Langmuir-Hinshelwood 
constants, if used) and the form of the rate equation (simple 
first-order, second-order, Langmuir-Hinshelwood kinetics, 
etc.) are also required. Reactor configuration (plug flow, 
CSTR) is required. Options may be available to simulate 
cooling or heating of reactants in shell-and-tube reactor 
configurations in order to generate temperature profiles in 


the reactor. If the reactor volume (or shell-and-tube 
configuration details) is provided, the simulator determines 
the outlet conditions. Some simulators allow the fractional 
conversion of a reactant to be specified and calculate the 
necessary volume. 


Equilibrium Reactor: As the name implies, this reactor 
type is used to simulate reactions that obtain or approach 
equilibrium conversion. The number and stoichiometry of 
the reactions and the fractional approach to equilibrium are 
the required input data. In addition, equilibrium constants 
as a function of temperature may be required for each 
reaction or may be calculated directly from information in 
the database. In this mode, the user has control over which 
reactions should be considered in the analysis. 


Minimum Gibbs Free Energy Reactor: This is another 
common form of the equilibrium reactor. In the Gibbs 
reactor, the outlet stream composition is calculated by a free 
energy minimization technique. Usually data are available 
from the simulator’s databank to do these calculations. The 
only input data required are the list of components that one 
anticipates in the output from the reactor. In this mode the 
equilibrium conversion that would occur for an infinite 
residence time is calculated. 


Batch Reactor: This reactor type is similar to the kinetic 
reactor (and requires the same kinetics input), except that it 
is batch. The volume of the reactor is specified. The feeds, 
product compositions, and reactor temperature (or heat 
duty) are scheduled (i.e., they are specified as time series). 


As a general rule, the least complicated reactor module that 
will allow the heat and material balance to be established 
should be used. The reactor module can always be substituted 
later with a more sophisticated one that allows the desired 
design calculations to be performed. It should also be noted that 
a common error made in setting up a reactor module is the use 
of the wrong component as the limiting reactant when a desired 
conversion is specified. This is especially true when several 
simultaneous reactions occur, and the limiting component may 
not be obvious solely from the amounts of components in the 
feed. 


Flash Units. In simulators, the term flash refers to the 
module that performs a single-stage vapor-liquid equilibrium 
calculation. Material, energy, and phase-equilibrium equations 
are solved for a variety of input parameter specifications. In 
order to specify completely the condition of the two output 
streams (liquid and vapor), two parameters must be input. 
Many combinations are possible—for example, temperature and 
pressure, temperature and heat load, or pressure and mole ratio 
of vapor to liquid in exit streams. Often, the flash module is a 


combination of two pieces of physical equipment, that is, aa 
heat exchanger followed by a phase separator. These should 
appear as separate equipment on the PFD. Note that a flash unit 
can also be specified for batch operation, in which case the unit 
can serve as a surge or storage vessel. 


Distillation Columns. Usually, both rigorous methods 
(stage-by-stage calculations) and shortcut methods (like 
Fenske, Underwood, and Gilliland relationships using key 
components) are available. In preliminary simulations, it is 
advisable to use shortcut methods. The advantage of the 
shortcut methods is that they allow a design calculation (which 
estimates the number of theoretical plates required for the 
separation) to be performed. For preliminary design 
calculations, this is a very useful option and can be used as a 
starting point for using the more rigorous algorithms, which 
require that the number of theoretical stages be specified. It 
should be noted that, in both methods, the calculations for the 
duties of the reboiler and condenser are carried out in the 
column modules and are presented in the output for the 
column. Detailed design of these heat exchangers (area 
calculations) often cannot be carried out during the column 
simulation. 


Shortcut Module: The required input for the design mode 
consists of identification of the key components to be 
separated, specification of the fractional recoveries of each 
key component in the overhead product, the column 
pressure and pressure drop, and the ratio of actual to 
minimum reflux ratio to be used in the column. The 
simulator will estimate the number of theoretical stages 
required, the exit stream conditions (bottom and overhead 
products), optimum feed location, and the reboiler and 
condenser duties. 

If the shortcut method is used in the rating (or 
performance) mode, the number of equilibrium stages must 
also be specified, but the R/R min is calculated. 


Rigorous Module: The number of theoretical stages must 
be specified, along with the condenser and reboiler type 
(total or partial), column pressure and pressure drop, feed 
tray locations, and side product locations (if side stream 
products are desired). Even though total condensers and 
total reboilers are not equilibrium stages, they are included 
in the stage count in a rigorous distillation module, so the 
simulator can do the required calculations for them. That is 
why the type of condenser and reboiler must be specified, so 
the simulator “knows” whether to do an equilibrium 
calculation or whether to take saturated vapor to saturated 
liquid (or vice versa). In addition, the total number of 
specifications given must be equal to the number of products 
(top, bottom, and side streams) produced. These product 
specifications are often a source of problems, and this is 


illustrated in Example 13.2. 

Several rigorous modules may be available in a given 
simulator. Differences between the modules are the different 
solution algorithms used and the size and complexity of the 
problems that can be handled. Stage-to-stage calculations 
can be handled for several hundred stages in most 
simulators. In addition, these modules can be used to 
simulate accurately other equilibrium-staged devices, for 
example, absorbers and strippers. 


Batch Distillation: This module is similar to the rigorous 
module, except that feeds and product draws are on a 
schedule (not continuous). Therefore, the start and stop 
times of the feeds and products must be specified, and a 
time series of tray concentrations and temperatures is 
generated by the simulator. 


Example 13.2 


Consider the benzene recovery column in the toluene 
hydrodealkylation process shown in Figure 1.5. This 
column is redrawn in Figure E13.2. The purpose of the 
column is to separate the benzene product from 
unreacted toluene, which is recycled to the front end of 
the process. The desired purity of the benzene product is 
99.6 mol%. The feed and the top and bottoms product 
streams are presented in Table E13.2, which is taken 
from Table 1.5. 


P-102 A/B 


Figure E13.2 Benzene Column in Toluene 
Hydrodealkylation Process (from Figure 1.5) 


Table E13.2 Stream Table for Figure E13.2 


Component Stream Stream Stream Stream 


10 15 19 11 | 
Hydrogen 0.02 — 0.02 — | 
Methane 0.88 — 0.88 = | 
Benzene 106.3 105.2 — 1.1 | 
Toluene 35.0 0.4 — 34.6 
Solution 


There are many ways to specify the parameters needed 
by the rigorous column algorithm used to simulate this 
tower. 


Two examples are given: 


1. The key components for the main separation are identified as 
benzene and toluene. The composition of the top product is 
specified to be 99.6 mol% benzene, and the recovery (not the 
mole fraction) of toluene in the bottoms product is 0.98. 


2. The top composition is specified to be 99.6 mol% benzene, and 
the recovery of benzene in the bottoms product is 0.01. 


The first specification violates the material balance, 
whereas the second specification does not. Looking at the 
first specification, if 98% of the toluene in the feed is 
recovered in the bottoms product, then 2% or 0.7 kmol/h 
must leave with the top product. Even if the recovery of 
benzene in the top product were 100%, this would yield a 
top composition of 106.3 kmol/h benzene and 0.7 
kmol/h toluene. This corresponds to a mole fraction of 
0.993. Therefore, the desired mole fraction of 0.996 can 
never be reached. Thus, by specifying the recovery of 
toluene in the bottoms product, the specification for the 
benzene purity is automatically violated. 

The second specification shows that both 
specifications can be achieved without violating the 
material balance. The top product contains 99% of the 
feed benzene (105.2 kmol/h) and 0.4 kmol/h toluene, 
which gives a top composition of 99.6 mol% benzene. 
The bottoms product contains 1.0% of the feed benzene 
(1.1 kmol/h) and 34.6 kmol/h of toluene. 


When giving the top and bottom specifications for a 


distillation column, make sure that the specifications 
do not violate the material balance. 


If problems continue to exist, one way to ensure that the 
simulation will run is to specify the top reflux rate and the boil- 
up rate (reboiler duty). Although this strategy will not guarantee 
the desired purities, it will allow a base case to be established. 
With subsequent manipulation of the reflux and boil-up rates, 


the desired purities can be obtained. Another strategy that may 
be useful when a high purity is needed is to start with a lower 
purity and then increase the purity specification in steps to the 
desired purity. This only works if the simulation is not “reset” 
after each run, that is, the previous result is used as the starting 
point each time. 


Absorbers and Strippers. Usually these units are 
simulated using the rigorous distillation module given above. 
The input streams and the number of equilibrium stages are 
specified, and the outlet streams are obtained. The main 
difference in simulating this type of equipment is that 
condensers and reboilers are not normally used. In addition, 
there are two feeds to the unit: one feed enters at the top and 
the other at the bottom. It may also be necessary to toggle a 
setting to indicate that an absorber/stripper is being simulated. 


Liquid-Liquid Extractors. A rigorous tray-by-tray 
module is used to simulate this multistaged equipment. The 
input streams and the number of equilibrium stages are 
specified, and the outlet streams are obtained. It is imperative 
that the thermodynamic model for this unit be capable of 
predicting the presence of two liquid phases, each with 
appropriate liquid-phase activity coefficients. This module is 
usually different from the module that simulates vapor-liquid 
systems, like distillation, absorption, and stripping. 


13.2.6 Selection of Output Display Options 


Several options will be available to display the results of a 
simulation. Often, a report file can be generated and customized 
to include a wide variety of stream and equipment information. 
In addition, a simulation flowsheet (not a PFD); T-Q diagrams 
for heat exchangers; vapor and liquid flows; temperature and 
composition profiles (tray-by-tray) for multistaged equipment; 
temperature and composition profiles along a tubular reactor; 
scheduling charts for batch operations; environmental 
parameters for exit streams; and a wide variety of phase 
diagrams for streams can be generated. The user manual should 
be consulted for the specific options available for the simulator 
you use. 


13.2.7 Selection of Convergence Criteria and Running a 
Simulation 

For equipment requiring iterative solutions, there will be user- 

selectable convergence and tolerance criteria in the equipment 

module. There will also be convergence criteria for the whole 

flowsheet simulation, which can be adjusted by the user. 


The two most important criteria are number of iterations 
and tolerance. These criteria will often have default values set in 
the simulator. These default values should be used in initial 
simulations. If problems arise, these values should be adjusted, 
but it may also be necessary to choose a different convergence 
method. 


If the simulation has not converged, the results do not 


represent a valid solution and should not be used. 


When convergence is not achieved, three common causes are as 
follows: 


1. The problem has been ill posed. This normally means that an equipment 
specification has been given incorrectly. For example, see the first 
specification in Example 13.2 for the rigorous column module. 

2. The tolerance for the solution has been set too tightly, and convergence 
cannot be obtained to the desired accuracy no matter how many solution 
iterations are performed. 

3. The number of iterations is not sufficient for convergence. This occurs 
most often when the flowsheet has many recycle streams. Rerunning the 
flowsheet simulation with the results from the preceding run may give a 
converged solution. If convergence is still not obtained, then one way to 
address this problem is to remove as many recycle streams as possible. 
The simulation is then run, and the recycle streams are added back, one 
by one, using the results from the preceding simulation as the starting 
point for the new one. This method is discussed in more detail in Section 
13.3. 


Of the three reasons, the first one is by far the most common. 


The most common reason for the failure of a 


simulation to converge is the use of incorrect or 
impossible equipment specifications. 


13.2.8 Common Errors in Using Simulators 


As mentioned previously, simulators perform some calculations 
that are not physically correct, and some unit operations in 
simulators do not correspond to acutal equipment. Two 
examples were previously mentioned. One is that mixing 
streams will be at the same pressure, not the lower of the 
pressures of the mixing streams, which is what simulators 
assume. It is the user’s responsibility to add valves to the 
higher-pressure streams so that mixing streams are at the same 
pressure. Another example is the “flash” tank that operates at a 
different temperature from the feed stream without a heat 
exchanger. In reality, the “flash” operation is a partial 
vaporization or partial condensation, which requires a heat 
exchanger. The correct equipment configuration is a heat 
exchanger followed by a tank to disengage the vapor and liquid 
phases. The tank can be modeled in a simulator as a flash 
operating at the same conditions as the feed stream, which is 
the exit stream from the heat exchanger. It is also important to 
make use of the information available within a simulator, for 
example, temperature and composition profiles in tubular 
reactors and T-xy diagrams for heat exchangers. 


Table 13.1 summarizes some common errors made by 
students when using process simulators. 


Table 13.1 Commonly Observed Simulation Errors 


Physical 
Situation 


Incorrect use 
of flash unit 
simulation 


Mixing points 


Zoned 
analysis 
required 


LMTD 
correction 
factor 
required but 
ignored 


Inappropriate 
reactor size 


Real vs. 
actual trays 


Column 
pressure drop 


Error Observed Correct Method 


Including 
flash unit 
with heat 
load, so 
temperature 
changes 
“magically” 


Mixing 
streams at 
different 
pressures, 
outlet stream 
at lowest 
pressure 
(simulator 
default) 


For phase 
change 
operations, 
only one 
zone used 
with one heat 
transfer 
coefficient 


Standard 
configuration 
in industry is 
1-2 
exchanger 


Desired 
product rate 
approaches 
constant 
value or 
starts to 
decrease 


Column 
design and 
cost 
calculated for 
number of 
equilibrium 
trays 


Column 
assumed to 
be at 
constant 
pressure or 
pressure 


Simulate as heat exchanger 
followed by flash unit 
operating at inlet conditions 


Add valves to input streams 
to mixer as appropriate to 
ensure mixing streams at 
same pressure 


Simulate each zone as 
separate heat exchanger with 
separate heat transfer 
coefficient, but PFD shows 
one heat exchanger (some 
simulators allow zoned 
analysis in heat exchange 
unit if each zone’s heat 
transfer coefficient is 
provided) 


Check approach 
temperatures to see if more 
shell passes are needed, often 
occurs if heat integration 
used 


Examine reactor profiles to 
determine if reactor is 
oversized or if selectivity is 
decreasing 


Include tray efficiency in 
simulation or add trays when 
performing cost calculation 


Include pressure drop and 
make sure pressure drop per 
tray roughly corresponds to 
weir height, and that weir 
height is not too small or not 
more than 50% of tray 


drop chosen spacing; or assume weir 


does not height (typically 4-6 in and 

correspond less than half of tray spacing) 

to reality and include pressure drop in 
simulation 


13.3 HANDLING RECYCLE STREAMS 


Recycle streams are very important and common in process 
flowsheets. Computationally, they can be difficult to handle and 
are often the cause for unconverged flowsheet simulations. 
There are ways in which the problems caused by recycle streams 
can be minimized. When a flowsheet is simulated for the first 
time, it is wise to consider carefully any simplifications that may 
help the convergence of the simulation. Consider the simulation 
of the DME flowsheet illustrated in Figure B.1.1, Appendix B. 
This flowsheet is shown schematically in Figure 13.5(a). The 
DME process is simple, no by-products are formed, the 
separations are relatively easy, and the methanol can be 
purified easily prior to being recycled to the front end of the 
process. In attempting to simulate this process for the first time, 
it is evident that two recycle streams are present. The first is the 
unreacted methanol that is recycled to the front of the process, 
upstream of the reactor. The second recycle loop is due to the 
heat integration scheme used to preheat the reactor feed using 
the reactor effluent stream. The best way to simulate this 
flowsheet is to eliminate the recycle streams as shown in Figure 
13.5(b). In this figure, two separate heat exchangers have been 
substituted for the heat integration scheme. These exchangers 
allow the streams to achieve the same changes in temperature 
while eliminating the interaction between the two streams. The 
methanol recycle is eliminated in Figure 13.5(b) by producing a 
methanol pseudo-output stream. The simulation of the 
flowsheet given in Figure 13.5(b) is straightforward; it contains 
no recycle streams and will converge in a single flowsheet 
iteration. Troubleshooting of the simulation, if input errors are 
present, is very easy because the flowsheet converges very 
quickly. Once a converged solution has been obtained, the 
recycle streams can be added back. For example, the methanol 
recycle stream would be introduced back into the simulation. 
The composition of this stream is known from the preceding 
simulation, and this will be a very good estimate for the recycle 
stream composition. The simulation is then run with the 
preceding simulation as the starting point. Once the simulation 
has been run successfully with the methanol recycle stream, the 
heat integration around the reactor can be added back and the 
simulation run again. Although this method may seem 
unwieldy, it does provide a reliable method for obtaining a 
converged simulation. 
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Figure 13.5 Block Flow Diagram for DME Process Showing 
(a) Recycle Structure and (b) Elimination of Recycles 


(a) 


(b) 


For the DME flowsheet in Figure 13.5, the unreacted 
methanol that was recycled was almost pure feed material. This 
means that the estimate of the recycle stream composition, 
obtained from the once-through simulation using Figure 
13.5(b), was very good. When the recycle stream contains 
significant amounts of by-products, as is the case with the 
hydrogen recycle stream in Figure 1.5 (Streams 5 and 7), the 
estimate of the composition using a once-through simulation 
will be significantly different from the actual recycle stream 
composition. For such cases, when purification of the recycle 
stream does not occur, it is best to keep this recycle stream in 
the flowsheet and eliminate all other recycle streams for the first 
simulation. Once a converged solution is reached, the other 
recycle streams can be added back one at a time. 


Often, a series of case studies will need to be run using a 
base-case simulation as a starting point. This is especially true 
when performing a parametric optimization on the process (see 
Chapter 14). When performing such case studies, it is wise to 
make small changes in input parameters in order to obtain a 
converged simulation. For example, assume that a converged 
simulation for a reactor module at 350°C has been obtained, 
and a case study needs to be run at 400°C. When the equipment 
temperature in the reactor module is changed and the 
simulation is rerun, it may be found that the simulation does 
not converge. If this is the case, then, for example, start with the 
base-case run, change the reactor temperature by 25°C, and see 
whether it converges. If it does, then the input can be changed 
by another 25°C to give the desired conditions, and so on. The 
use of small increments or steps when simulating changes in 
flowsheets often produces a converged simulation when a single 
large change in input will not. 

Often when simulating a process, it is the flowrate of 
products (not feeds) that is known—for example, production of 
60,000 tonne/y of chemical X, with a purity of 99.9 wt%. If a 
converged solution has been found in which all the product 
specifications have been met except that the flowrate of primary 
productis not at the desired value, it is a simple matter to 


multiply all the feeds to the process by a factor to obtain the 
desired flowrate of the product; that is, the solution is scaled up 
or down by a constant factor and the simulation rerun to get the 
correct equipment specifications. 

For more advanced simulation applications, such as 
optimizing or simulating existing plants, it may be necessary or 
useful to use controller modules (also called design 
specifications, depending on the simulator) in the simulation to 
obtain a desired result. For example, in a recycle loop, it might 
be required that the ratio of two components entering a reactor 
be set at some fixed value. A controller module could be used to 
adjust the purge flowrate from the recycle stream to obtain this 
ratio. A controller module can also be used to specify the feed 
necessary for the product flowrate to be at a specific value. The 
use of controller modules introduces additional recycle loops. 
The way in which specifications for controllers are given can 
cause additional convergence problems, and this topic is 
covered in detail by Schad [10]. 


13.4 CHOOSING THERMODYNAMIC 
MODELS 


The results of any process simulation are never better than the 
input data, especially the thermodynamic data. 


Everything from the energy balance to the volumetric 


flowrates to the separation in the equilibrium-stage 
units depends on accurate thermodynamic data. 


If reaction kinetics information is missing, the simulator 
cannot calculate the conversion from a given reactor volume. 
Because such a calculation is not possible, only equilibrium 
reactor modules and those with specified conversions can be 
used. 

Only a few, readily available data are required to estimate 
the parameters in simple thermodynamic models. If the critical 
temperature and critical pressure are known for each pure 
component, the parameters for simple, cubic equations of state 
can be estimated. Even if these critical properties are unknown, 
they in turn can be estimated from one vapor pressure and one 
liquid density. Group-contribution models require even less 
information: merely the chemical structure of the molecule. 
However, these estimations can never be as accurate as 
experimental data. In thermodynamics, as elsewhere, you get 
only what you pay for—or less! 


Using the default thermodynamics packages in a 


process simulator will often lead to an erroneous 


solution. 


Compounding this problem is the development and 


implementation of expert systems to help choose the 
thermodynamic model. These methods are a good starting point 
but verification through comparison with real data is always 
necessary. 

A safe choice of thermodynamic model requires knowledge 
of the system, the calculation options of the simulator, and the 
margin of error. In this section, guidance on choosing and using 
a thermodynamic model is given. In an academic setting, the 
choice of thermodynamic model affects the answers but not the 
ability of the student to learn how to use a process simulator—a 
key aspect of this book. Therefore, the examples throughout this 
book use simplistic thermodynamic models to allow easy 
simulation. In any real problem, where the simulation will be 
used to design or troubleshoot a process, the proper choice of 
thermodynamic model is essential. This section focuses on the 
key issues in making that choice, in using experimental data, 
and in determining when additional data are needed. 

It has been assumed that the reader understands the basics 
of chemical engineering thermodynamics as covered in 
standard textbooks [4—6]. As pointed out before, it is extremely 
important that the chemical engineer performing a process 
simulation understand the thermodynamics being used. In a 
course, the instructor can often provide guidance. The help 
facility of the process simulator provides a refresher on details 
of the model choices; however, these descriptions do not 
include the thermodynamics foundation required for complete 
understanding. If the descriptions in the help facility are more 
than a refresher, the standard thermodynamics textbooks 
should be consulted. 


If the thermodynamic option used by the process 
simulator is a mystery, the meaning of the results 


obtained from the simulation will be equally 


mysterious. 


13.4.1 Pure-Component Properties 


Physical properties such as density, viscosity, thermal 
conductivity, and heat capacity are generally not difficult to 
predict accurately in a simulation. The group-contribution 
methods are reasonably good, and simulator databanks include 
experimental data for more than a thousand substances. 
Although these correlations have random and systematic errors 
of several percent, this is close enough for most purposes. 
(However, they are not sufficient when paying for a fluid 
crossing a boundary based on volumetric flowrate.) As noted in 
Section 13.2.2, it is important always to be aware of which 
properties are estimated and which are from experimental 
measurements. 


13.4.2 Enthalpy 


Although the pure-component heat capacities are calculated 


with acceptable accuracy, the enthalpies of phase changes often 
are not. Care should be taken in choosing the enthalpy model 
for a simulation. If the enthalpy of vaporization is an important 
part of a calculation, simple equations of state should be used 
with caution. In fact, the “latent heat” or “ideal” options often 
give more accurate results. If the substance is above or near its 
critical temperature, equations of state must be used, but the 
user must beware, especially if polar substances such as water 
are present. 


13.4.3 Phase Equilibria 


Extreme care must be exercised in choosing a model for phase 
equilibria (sometimes called the fugacity coefficient, K-factor, or 
fluid model). Whenever possible, phase-equilibrium data for the 
system should be used to regress the parameters in the model, 
and the deviation between the model predictions and the 
experimental data should be studied. 

There are two general types of fugacity models: equations of 
state and liquid-state activity-coefficient models. An equation of 
state is an algebraic equation for the pressure of a mixture as a 
function of the composition, volume, and temperature. Through 
standard thermodynamic relationships, the fugacity, enthalpy, 
and so on for the mixture can be determined. These properties 
can be calculated for any density; therefore, both liquid and 
vapor properties, as well as supercritical phenomena, can be 
determined. 


Activity-coefficient models, however, can only be used to 
calculate liquid-state fugacities and enthalpies of mixing. These 
models provide algebraic equations for the activity coefficient 
(y) as a function of composition and temperature. Because the 
activity coefficient is merely a correction factor for the ideal- 
solution model (essentially Raoult’s Law), it cannot be used for 
supercritical or “noncondensable” components. (Modifications 
of these models for these types of systems have been developed, 
but they are not recommended for the process simulator user 
without consultation with a thermodynamics expert.) 


Equations of state are recommended for simple systems 
(nonpolar, small molecules) and in regions (especially 
supercritical conditions for any component in a mixture) where 
activity-coefficient models are inappropriate. For complex 
liquid mixtures, activity-coefficient models are preferred, but 
only if all of the binary interaction parameters (BIPs) are 
available. 


Equations of State. The default fugacity model is often 
either the SRK (Soave-Redlich-Kwong) or the PR (Peng- 
Robinson) equation. They (like most popular equations of state) 
normally use three pure-component parameters per substance 
and one binary-interaction parameter per binary pair. Although 
they give qualitatively correct results even in the supercritical 
region, they are known to be poor predictors of enthalpy 
changes, and (except for light hydrocarbons) they are not 


quantitatively accurate for phase equilibria. 

The predicted phase equilibrium is a strong function of the 
binary interaction parameters (BIPs). Process simulators have 
regression options to determine these parameters from 
experimental phase-equilibrium data. The fit gives a first-order 
approximation for the accuracy of the equation of state. This 
information should always be considered in estimating the 
accuracy of the simulation. Additional simulations should be 
run with perturbed model parameters to get a feel for the 
uncertainty, and the user should realize that even this approach 
gives an optimistic approximation of the error introduced by the 
model. If BIPs are provided in the simulator and the user has no 
evidence that one equation of state is better than another, then 
a separate, complete simulation should be performed for each of 
these equations of state. The difference between the simulations 
is a crude measure of the uncertainty introduced into the 
simulation by the uncertainty in the models. Again, the inferred 
uncertainty will be on the low side. 


Monte-Carlo simulations (see Section 10.7) can be done with 
the results of the regression; however, process simulators are 
not currently equipped to perform these directly. A simpler 
approach is to perform the simulation with a few different 
values of the BIPs for the equation of state. These values are 
typically 0.01 to 0.10. Larger values are rare, except in highly 
asymmetric systems. However, the difference between results 
calculated with values of, say, 0.01 and 0.02 can be large. 


If BIPs are available for only a subset of the binary pairs, 
caution should be exercised. Assuming the unknown BIPs to be 
zero can be dangerous. Group-contribution models for 
estimating BIPs for equations of state can be used with caution. 


There may be dozens of equation-of-state options, including 
different modifications of the same equation of state, plus a few 
mixing-rule choices. For polar or associating components or for 
heavy petroleum cuts, the help facility of the simulator should 
be consulted. Because different choices are available on the 
different simulators, they will not be covered here. 

For most systems containing hydrocarbons and light gases, 
an equation of state is the best choice. Peng-Robinson or Soave- 
Redlich-Kwong are good initial choices. (Note that neither the 
van der Waals nor Redlich-Kwong equation is a standard choice 
in simulators. These two equations of state were tremendous 
breakthroughs in fluid property models, but they were long ago 
supplanted by other models that give better quantitative 
results.) VLE (vapor-liquid equilibrium) data for each binary 
system can then be used with the regression utility to calculate 
the BIPs for the binary pairs and to plot the resulting model 
predictions against the experimental data. This regression is 
done separately for each equation of state. The equation that 
gives a better fit in the (PTxy) region of operation of the unit 
operation of interest is then used. If phase-equilibrium data are 
available at different temperatures, the temperature-dependent 


BIP feature of the simulator can be used. In the simulator 
databank, many BIPs are already regressed and available. 

If neither simple equation of state adequately reproduces the 
experimental data, one of the other equations of state or other 
mixing rules, or a temperature-dependent BIP, may be needed. 
These often work better for polar-nonpolar systems. However, 
running the simulation more than once with different BIPs and 
with different thermodynamic models to judge the uncertainty 
of the result is recommended, as shown in Example 13.3. If the 
difference between the simulations seriously affects the viability 
of the process, a detailed uncertainty analysis is essential [11]. 
This is beyond the scope of this book. 


Example 13.3 


Use both the Peng-Robinson and the Soave-Redlich- 
Kwong equations of state to calculate the methane vapor 
molar flowrate from a flash at the following conditions: 


Temperature: 225K 
Pressure: 60.78 bar 
Feed 
flowrates: 
Carbon 6 kmol/h 
dioxide 
Hydrogen 24 kmol/h 
sulfide 
Methane 66 kmol/h 
Ethane 3 kmol/h 
Propane 1kmol/h 


Compare the results for BIPs from the process simulator 
databank and with the BIPs set to zero. 


Solution 


The following results were obtained using CHEMCAD 
BS es 


Databank Zero 
BIPs BIPs 
Peng-Robinson 51.9 kmol/h 47.3 
kmol/h 


Soave-Redlich- 53.2 kmol/h 35.2 
Kwong kmol/h 


The two equations of state give different results, and 
the effect of setting the BIPs to zero is significant 
especially for SRK. 


For most chemical systems below the critical region, a 


liquid-state activity-coefficient model is the better 
choice. 


Liquid-State Activity-Coefficient Models. Ifthe 
conditions of the unit operation are far from the critical region 
of the mixture or that of the major component, and if 
experimental data are available for the phase equilibrium of 
interest (VLE or LLE), then a liquid-state activity-coefficient 
model is a reasonable choice. Activity coefficients (y;) correct for 
deviations of the liquid phase from ideal solution behavior, as 
shown in Equation (13.1). 


P 
iy, P =P; xi7;¢; exp | Zr [var (13.1) 
È 
where $; is the fugacity coefficient of component i in the vapor- 
phase mixture at system temperature T and pressure P, y; is the 
vapor mole fraction of i, P? is the vapor pressure of pure i at T, 
x; is the liquid mole fraction of i, $; is the fugacity coefficient of 
pure i at its vapor pressure at T, and vi is the molar volume of 
pure liquid i at T. 
The roles of the terms in Equation (13.1) are discussed in 
detail in standard thermodynamics texts. Here, it is sufficient to 
point out that the two terms closest to the equal sign (on either 
side of the equal sign) give Raoult’s Law and that the most 
important of the remaining correction terms is usually y;, the 
activity coefficient. Thus, use of an activity-coefficient model 
requires values for the pure-component vapor pressures at the 
temperature of the system. There are several important 
considerations in using activity-coefficient models: 
e Ifno BIPs are available for a given binary system, an activity- 


coefficient model will give results similar to, but not necessarily the 
same as, those for an ideal solution. 


e The standard version of the Wilson equation cannot predict liquid- 
liquid immiscibility. 
e The BIPs for various activity-coefficient models can be estimated by 


UNIFAC. However, caution must be exercised because increased 
uncertainty is inserted into the model with such estimation. 


e Some BIP estimation may be done automatically by the simulator. 


e There are no reliable rules for choosing an activity-coefficient model a 
priori. The standard procedure is to check the correlation of 
experimental data by several such models and then choose the model 
that gives the best correlation. 


e Parameters regressed from VLE data are often unreliable when used 
for LLE prediction (and vice versa). Therefore, some process 


simulators provide a choice between two sets of parameter sets. 


e Often ternary (and higher) data are not well predicted by activity- 
coefficient models and BIPs. 


e The BIPs are typically highly correlated. This and the empirical nature 
of these models lead to similar fits to experimental data with very 
different values of the BIPs. 


Some of these considerations are demonstrated in Examples 
13.4 and 13.5. 


Example 13.4 


Use the simulator databank BIPs for NRTL to calculate 
the vapor-liquid equilibrium for ethanol/water at 1 atm. 
Compare the results for BIPs set to zero. Regress 
experimental VLE data [12] to determine NRTL BIPs. 


Solution 


Figure E13.4(a) shows the Txy diagrams using the NRTL 
BIPs from the CHEMCAD databank and for these BIPs 
set to zero. Note that the latter case results in an ideal 
solution; thus, the azeotrope is missed. Regressing the 
experimental data for this system with the simulator 
regression tool gives the results shown in Figure 
E13.4(b). Although the BIPs in the databank (—55.1581, 
670.441, 0.3031) and those regressed from the data 
(-104.31, 807.10, 0.28675) are quite different, the VLE 
calculated is very similar and is close to the experimental 
data. 
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Figure E13.4(a) Vapor-Liquid Equilibrium for 
Ethanol/Water at 1 atm (Solid curves are for 
CHEMCAD databank BIPs for NRTL. Dotted curves 
are for NRTL BIPs set to zero.) 
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Figure E13.4(b) Vapor-Liquid Equilibrium for 
Ethanol/Water at 1 atm (Solid curves are for NRTL 
BIPs regressed from data points shown.) 


Example 13.5 


Calculate the LLE for the ternary di-isopropyl- 
ether/acetic-acid/water using NRTL and the BIPs 
available for the three binary pairs in the simulator 
databank. Compare the prediction with ternary LLE data 
for this system at 24.6°C [13]. 


Solution 


See Figure E13.5. The experimental phase envelope 
(dotted lines) is twice the size of the predicted one (solid 
lines). This would lead to gross error in extraction 
calculations. Note that if all the BIPs are set to zero, there 
is no liquid-liquid immiscibility region. However, if the 
ternary LLE data were used to regress all of the BIPs 
simultaneously, the fit would be quite good. 
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Figure E13.5 Liquid-Liquid Equilibrium for Di- 
isopropyl-Ether/Acetic-Acid/Water at 24.6°C 


The recommended strategy for choosing a liquid-state, 
activity-coefficient model is as follows: 


1. The simulator databank is checked for BIPs for all the binary pairs in the 
system. If these are available, they are most often from the DECHEMA 
Data Series [12, 13], but sometimes they are from different sources. Some 
simulators provide the literature citation; others do not. Each of the three 
most common models (Wilson, NRTL, UNIQUAC) has different values for 
BIPs, and they are not correlated from one model to another. Although 
BIPs for Wilson may not be available for partially immiscible systems (see 
above), if a binary pair has BIPs for NRTL or for UNIQUAC, the BIPs for 
that pair should be available for both models. If they are not, the original 
data are found and the BIPs are fit for the other model. 

2. If phase-equilibrium data can be found for the binary pairs with missing 
BIPs, a regression is done with the simulator to find the missing BIPs. 

3. For binary pairs that have no measured phase equilibria (there are 
many!), the UNIFAC estimation option of the simulator is used to 
estimate the BIPs. There are two UNIFAC methods: one for VLE and one 
for LLE. The choice depends on the type of equilibrium for the unit 
operation of interest. 

4. Ifthe unit operation of interest is an extraction or other operation 
involving LLE or VLLE and ternary data are available, the predictions of 
the three activity-coefficient models are checked for the ternary LLE. 

5. One of the three methods usually shows a significantly better fit than the 
others. This method, and the second-best method, are used for the 
simulation. Comparing the two results provides a rough sense of the 
uncertainty of the calculation. Note that the “true” result is certainly not 
guaranteed to be between the two results. It is possible that this strategy 
will give a false sense of low uncertainty if the two methods give similar 
predictions that are far from the experimental data. This uncertainty 
strategy is used in the same way as is any heuristic from Chapter 11. 
Although this strategy is an analogue of a long-practiced experimental 
strategy and the basis for numerical analysis error estimation, it does take 
considerable engineering judgment. Good judgment comes from 
experience. 

6. Ifthe predictions from the activity-coefficient model chosen do not fit the 
measured data, a more detailed uncertainty analysis is needed. Although 
the details of such an analysis are outside the scope of this book, the most 
important decision is that one is warranted. Calibration of the uncertainty 
of simulation results is obtained from simulations run with different 
estimates (high and low, when possible). 


The UNIFAC model is never used if experimental data are 
available for the binary system. UNIFAC is a group-contribution 
model for determining the BIPs for the UNIQUAC model (and 
by extension for the NRTL and Wilson models and for 
equations of state). Only chemical structure data are needed, 
but the calculations are not very accurate. When determining 
the numbers of groups within a molecule, the starting point 
should always be the largest group. This strategy minimizes the 
assumptions (and therefore the errors) in the model. Group- 
contribution models should be used with caution. 

For many systems, a model such as UNIFAC may be the only 
option. If so, even a very crude uncertainty estimate can be 
difficult. If only one phase-equilibrium datum for the system 
can be found, its deviation from the model prediction is at least 
some estimate of the uncertainty (as long as that datum was not 
used to regress parameters). 


Using Scarce Data to Calibrate a Thermodynamic 
Model. Any experimental data on phase equilibria can be used 
to perform a crude calibration or verification of the model. It 
need not be the type of data that would be taken in the lab. If 
the recovery in a column for one set of conditions is known, for 
example, and if only one BIP is unknown, then the only value of 
the BIP that will reproduce that datum can be found. Such data 
are sometimes found in patents. 


More Difficult Systems. The above discussions pertain to 
“easy” systems: (1) small, nonpolar or slightly polar molecules 
for equations of state and (2) nonelectrolyte, nonpolymeric 
substances considerably below their critical temperatures for 
liquid-state activity-coefficient models. Most simulators have 
some models for electrolytes and for polymers, but these are 
likely to be even more uncertain than for the easy systems. 
Again, the key is to find some data, even plant operating data, to 
verify and to calibrate the models. If the overall recovery from a 
multistage separation is known, for example, the column can be 
simulated using the best-known thermodynamic model, and the 
deviation between the plant datum and the simulator result is a 
crude (optimistic) estimate of the uncertainty. 


Because most thermodynamic options are semitheoretical 
models for small, nonpolar molecules, the more difficult 
systems require another degree of freedom in the model. The 
most common such modification is to make the parameters 
temperature dependent. This requires additional data, but there 
is some theoretical justification for using effective model 
parameters that vary with temperature. 


Hybrid Systems. Often a process includes components as 
wide ranging as solids at room temperature to supercritical 
gases. They can include water, strong acids, hydrocarbons, and 
polymers. Often, no single thermodynamic model can be used 
reliably to predict the fugacities of such a wide range of 
components. For these cases, simulators allow for hybrid 
thermodynamic models. The breadth of hybridization varies 
from one simulator to another, but all at least allow for some 
components to be considered immiscible with respect to others. 
For example, the NRTL model may be used for binary pairs for 
which both compounds are subcritical, while Henry’s Law is 
used for supercritical (so-called noncondensable) components. 
Each simulator allows for immiscibility of water and 
hydrocarbon liquid phases, with the compositions of 
hydrocarbons in the aqueous phase estimated with Henry’s Law 
and the liquid-liquid equilibrium for water calculated based on 
ideal solution in the aqueous phase and some chosen model in 
the hydrocarbon-rich phase. Each of these options should be 
checked so that it is clear what the simulator is doing. Although 
Henry’s Law does not necessarily mean that the phase is 
aqueous, the Henry’s Law model in a process simulator is often 
developed only for aqueous systems. 


Another kind of hybridization is the choice of auxiliary 
models for liquid-state activity-coefficient models. The model to 
use for the vapor phase can be specified and whether to make 
the Poynting correction. The best choice is to use an equation of 
state (PR or SRK) for the vapor-phase correction and to use the 
Poynting correction. Both corrections go smoothly to zero in the 
low-pressure limit, and neither should add greatly to the 
computational time for most flowsheets. 


The final type of hybridization is the use of different models 
for different unit operations. Although this appears to be 
inconsistent at first, it is reality that thermodynamic models are 
not perfect and that some work much better for LLE than for 
VLE, some work better for low pressures and others for high 
pressures, and some work for hydrocarbons but not for aqueous 
phases. Furthermore, simulators perform calculations for 
individual units and then pass only component flowrates, 
temperature, and pressure to the next unit. Thus, consistency is 
not a problem. Therefore, the possibility of using different 
models for different unit operations should always be 
considered. All of the simulators allow this, and it is essential 
for a complex flowsheet. An activity-coefficient model can be 
used for the liquid-liquid extractor and an equation of state for 
the flash unit. This hybridization can be extremely important 
when, for example, some units contain mainly complex organics 
and other units contain light hydrocarbons and nitrogen. 


Other Models. Different simulators have a variety of 
additional models beyond those mentioned above. For example, 
some have nonideal electrolyte thermodynamic models that 
calculate species equilibria, some have polymer thermodynamic 
packages, and some allow petroleum cuts to be represented 
automatically by pseudocomponents. Presently, these packages 
are less consistent across simulators and are not discussed here. 
However, the range of models available for the simulator being 
used should always be investigated. 


13.4.4 Using Thermodynamic Models 


In summary, the assumed best thermodynamic model should be 
used, based on the rough guidelines above. However, a process 
should always be resimulated either with another model 
assumed to be equally good or with different model parameters 
(see Example 13.7). The appropriate perturbation to apply to 
the parameters is available from the experimental data 
regression or from comparison of calculated results with 
experimental or plant data. Such data should always be sought 
for the conditions closest to those in the simulation. If the 
application is liquid-liquid extraction, for example, liquid-liquid 
equilibrium data (rather than vapor-liquid equilibrium data) 
should be used in the parameter regression, even though the 
same activity-coefficient models are used for both liquid-liquid 
and vapor-liquid equilibria. 


The availability of BIPs in the databank of a process 


simulator must never be interpreted as an indication 
that the model is of acceptable accuracy. 


These parameter values are merely the “best” for some 
specific objective function, for some specific set of data. The 
model may not be able to correlate even these data very well 
with this optimum parameter set. And one should treat a 
decision to use a BIP equal to zero as equivalent to using an 
arbitrary value of the BIP. The decision to use zero is, in fact, a 
decision to use a specific value based on little or no data. 


In simulations of actual processes, there is no substitute for 
experimental data. No one would invest millions of dollars in a 
chemical process based on assumed physical properties and 
phase behavior. In the classroom, a very educated guess may be 
sufficient to learn the design process, but it must be understood 
that the actual results are probably not be accurate. 


The best thermodynamics method to use is the one 


that agrees with experimental results. 


Example 13.6 


Consider the DME Tower, T-201, in the DME process in 
Appendix B. Simulate this unit using a shortcut model 
with different liquid-state activity-coefficient models to 
determine the required number of stages for the reflux 
ratio and the recoveries shown in Appendix B. Include no 
corrections for heat of mixing. Then perform a rigorous 
column simulation to check the distillate purity. 
Compare the results. 

The base case uses the UNIFAC model with vapor- 
phase fugacity correction. The specifications are as 
follows: 

e Column pressures: top, 10.3 bar; bottom, 10.5 bar 
e Key components: light, DME; heavy, methanol 

e Light key recovery in distillate: 98.93% 

e Heavy key recovery in bottoms: 99.08% 

e Reflux ratio: 0.3631 


e 70% plate efficiency 


An initial CHEMCAD simulation confirms the value 
given in Appendix B of 22 actual stages. 


Solution 


Table E13.6 shows the results obtained from six 
simulations, all with the same input specifications but 
with different thermodynamic options. The number of 
actual stages calculated ranges from 15 to 22; however, 
the results for two of the simulations (denoted n/a in the 


table) indicated that the minimum reflux ratio was 
greater than that specified. Without further information 
about the ability of the various models to correlate 
experimental vapor-liquid equilibrium data, a precise 
solution to the problem is not possible. However, the 
differences in the results obtained indicate that the 
choice of thermodynamic model is a crucial one. Of 
special concern here is the choice of correction of 
fugacities (denoted w/correction). These corrections are 
the first and last terms in Equation (13.1). Note that these 
results were obtained using the CHEMCAD databank BIP 
values for the NRTL and UNIQUAC models. Different 
BIP values will yield different results. 


Table E13.6 Comparison of Simulations for 
DME Column, T-201, for Various 


Thermodynamic Options 
Thermodynamic Number Distillate Required 
Option of Actual Purity Reflux 
Stages Obtained with Ratio to 
Obtained 22 Stages, Obtain 
from Specified DME Purity 
Shortcut Reflux Ratio, and 
Method and Shortcut Recovery 
Reboiler Duty with 22 
stages 
Shortcut Rigorous Rigorous 
Method Simulation Simulation 
UNIFAC 22 97.3 wt% 0.52 
w/correction 
UNIFAC 15 95.0 0.47 | 
NRTL n/a 96.6 0.77 
w/correction 
NRTL 21 97.6 0.49 | 
UNIQUAC n/a 97.1 0.58 
w/correction 
UNIQUAC 18 97.6 0.48 


To determine which model is best, data on the various 
binary pairs in the mixture are found. These data consist 


of measurements of temperature, pressure, and 
composition of a liquid in equilibrium with its vapor. 
Sometimes, the concentration of the vapor is also 


measured. From the temperature and the liquid-phase 
composition, the pressure and vapor-phase compositions 
are calculated with the thermodynamic model. The sum 


of the squared deviations between the experimental and 
the calculated pressure and between the experimental 
and the calculated vapor compositions is the objective 
function. The decision variables are the adjustable 
parameters in the thermodynamic model. Through the 
procedures of Chapter 14, the objective function is 
minimized and the optimum set of parameters is found. 
The standard process simulators incorporate a tool to do 
these regressions. 

Of great concern is the purity of the overhead 
product. This stream is the DME product stream from 
the process, and the specification is 99.5 wt%. The third 
column in Table E13.6 shows the purity obtained by 
rigorous, stage-by-stage simulations of this column. In 
each case, the number of stages, feed location, column 
pressures, reflux ratio, and reboiler duty were set at those 
shown in Appendix B. Again, only the thermodynamic 
option was varied. In the shortcut calculation, many 
assumptions are made, including the constancy of 
relative volatilities. For the rigorous calculation, the full 
power of the thermodynamic package is used in the 
phase-equilibrium and energy-balance calculations. In 
this example, the distillate purity specification would be 
very far off from that calculated with the shortcut 
method. As expected, the shortcut results are only 
preliminary to the rigorous column simulation. 

The fourth column of Table E13.6 gives the reflux 
ratio required to meet both the DME purity and recovery 
specifications. The variation of this ratio from 0.47 to 
0.77 is significant, because it is directly related to the 
required condenser and reboiler duties. If the NRTL 
w/correction calculation is closest to the truth, the 
reboiler duty required is 80% greater than that obtained 
in the baseline shortcut simulation. Ironically, this is the 
thermodynamics option suggested by the CHEMCAD 
expert system. 


13.5 CASE STUDY: TOLUENE 
HYDRODEALKYLATION PROCESS 


The purpose of this section is to present the input information 
necessary to make a basic simulation of the toluene 
hydrodealkylation process presented in Chapter 1. The required 
input data necessary to obtain a Level 1 simulation are 
presented in Table 13.2. The corresponding simulator flowsheet 
is given in Figure 13.6. In Table 13.2, the equipment numbers 
given in the third column correspond to those used in Figure 
13.6. In the first column, the equipment numbers on the toluene 
hydrodealkylation PFD (Figure 1.5) are given. It should be 
noted that there is not a one-to-one correspondence between 
the actual equipment and the simulation modules. For example, 


three splitters and six mixers are required in the simulation, but 
these are not identified in the PFD. In addition, several pieces of 


equipment associated with the benzene purification tower are 
simulated by a single simulation unit. The numbering of the 
streams in Figure 13.6 corresponds to that given in Figure 1.5, 
except when additional stream numbers are required for the 


simulation. In order to avoid confusion, these extra streams are 


assigned numbers greater than 90. 


Table 13.2 Required Input Data for a Level 1 


Simulation of Toluene Hydrodealkylation Process 


Equipment 
Number 


TK-101 


P-101 


E-101 


H-101 


R-101 
E-102 
V-101 
V-103 


E-103 


Simulator 
Equipment 


Mixer 


Pump 


Hexch 


Heater 


Stoic 
react 


Flash 


Flash 


Flash 


Hexch 


Simulator 
Equip. 
No. 

m-1 1 
p-1 90 
e-1 92 
h-1 4 
T-1 93 
f-1 9 
f-1 9 
f-2 94 
e-2 18 


Input Streams 


11 


Output 


Streams 


90 


17 


10 


94 


94 


18 


Required Input 


Pressure 
drop = o bar 


Outlet 
pressure = 
27.0 bar 


Outlet 
stream 
vapor 
fraction = 
1.0 


Outlet 
temperature 
= 600°C 


Conversion 
of toluene = 
0.75 


Temperature 
= 38°C 
Pressure = 
23.9 bar 


No input 
required 
because 
vessel is 
associated 
with flash 
operation 


Temperature 
= 38°C 
Pressure = 
2.8 


Outlet 
temperature 


T-101 


E-104 


E-106 


V-102 


P-102 


E-105 


C-101 


Shortcut 
tower 


Shortcut 
tower 


Shortcut 
tower 


Shortcut 
tower 


Shortcut 
tower 


Hexch 


Compr 


Mixer 


Mixer 


Mixer 


Mixer 


Mixer 


Splitter 


t-1 


t-1 


t-1 


t-1 


C-l 


5-1 


10 


10 


10 


10 


10 


95 


97 


17 


99 


91 


96 


100 


19 


19 


19 


19 


19 


15 


98 


91 


92 


93 


99 


16 


97 


11 


11 


11 


11 


11 


96 


= 90°C 


Recovery of 
benzene in 
top product 
= 0.99 
Recovery of 
toluene in 
top product 
= 0.01 

R/. Rmin = 1.5 
Column 
pressure 
drop = 0.3 
bar 


Included in 
tower 
simulation 


Included in 
tower 
simulation 


Not required 
in 
simulation 


Not required 
in 
simulation 


Outlet 
temperature 
= 38°C 


Outlet 
pressure = 
25.5 bar 


Pressure 
drop = o bar 


Pressure 
drop = o bar 


Pressure 
drop = o bar 


Pressure 
drop = o bar 


Pressure 
drop = o bar 


Pressure 


drop = o bar 


Splitter s-2 98 — 5 7 Pressure 
drop = o bar 

Splitter s-3 19 — 100 95 Pressure 
drop = o bar 


Figure 13.6 Flowsheet Structure Used in the Simulation of 
the Toluene Hydrodealkylation Process 


In Table 13.3, the specifications for the feed streams are 
given. For this process, there are only two feed streams— 
Streams 1 and 3—corresponding to toluene and hydrogen, 
respectively. In addition, estimates of all the recycle streams 
should be given prior to beginning the simulation, and these are 
given in Table 13.3. However, these estimates need not be very 
accurate and usually any estimate is better than no estimate at 


(kmol/h) 


all. 
Table 13.3 Feed Stream Properties and Estimates of 
Recycle Streams 
Stream Stream Stream Stream 5 Stream 
1 3 11 7 
Temperature 25.0 25.0 150.0 50.0 50.0 
(°C) 
Pressure 1.9 25.5 2.8 25.5 25.5 
(bar) 
Hydrogen — 286.0 — 200.0 20.0 
(kmol/h) 
Methane — 15.0 — 200.0 20.0 
(kmol/h) 
Benzene — — — = = 
(kmol/h) 
Toluene 108.7 — 30.0 — — 


The data given in Tables 13.2 and 13.3 are sufficient to 
reproduce the material and energy balances for the toluene 
hydrodealkylation process. The use of these data to reproduce 
the flow table in Table 1.5 is left as an example problem at the 
end of the chapter. As mentioned in Section 13.3, some 
difficulty may arise when trying to simulate this flowsheet 
because of the three recycle streams. If problems are 
encountered in obtaining a converged solution, eliminating as 
many recycle streams as possible should be tried, following by 
running the simulation, and then adding recycle streams back 
into the problem one at a time. The thermodynamic models for 
this simulation should be chosen using the guidelines in Section 
13.4 or using the expert system in the simulator being used. The 
results given in Chapter 1 for this process were obtained using 
the SRK models for enthalpy and phase equilibria. 


13.6 ELECTROLYTE SYSTEMS 
MODELING 


A number of important chemical engineering applications 
involve electrolytes. Examples of such processes include the 
following: 

e Gas-treatment processes. The most common examples are the 


use of alkanolamines and alkaline-salt solutions for acid-gas removal. 


e Wastewater treatment for removal of undesired species and for 
neutralization before disposal. The most common example is the 
sour-water stripping (SWS) process used primarily for removing NH3 
and HbS. 


e Electrochemical processes. The most common examples include 
various types of fuel cells, batteries, electrolysis, and corrosion 
modeling. 


e Separation processes such as extractive distillation, seawater 
desalination, and solution crystallization. 


Even though it is possible to simulate these systems by 
writing user-supplied equations, the effort involved to obtain a 
reasonably accurate model can be significant. With recent 
advances in process simulators, there are a large number of 
available models within the simulator that can be customized, 
and the parameters can be modified to obtain reasonable 
accuracy. A cursory understanding of the theory of electrolyte 
systems is necessary for simulating these processes. Therefore, 
the theory of electrolyte systems will be discussed first along 
with a discussion of the various available models. These models 
differ widely in their levels of complexity. After that, the 
problem of how to set up these models will be discussed 
through an example. At the end of the chapter, more discussion 
on electrolyte systems modeling is included for the advanced 
user. 


13.6.1 Fundamentals of Modeling Electrolyte Systems 


In chemical processes, electrolyte systems with liquid and vapor 
phases are very common. These electrolyte models can be 


readily extended to systems involving solids (such as salts) with 
suitable modifications. Based on the type of the system, either 
liquid/liquid equilibrium or solid/liquid equilibrium (such as 
salt precipitation) must be considered. In an electrolyte system, 
simultaneous phase and chemical equilibrium calculations are 
performed. 

A strong electrolyte completely dissociates into its 
constituent ions, whereas a weak electrolyte only partially 
dissociates. Therefore, a significant amount of the weak 
electrolyte can remain as molecular species in the solution. 
There can be one or more solvents in the electrolyte system. Salt 
precipitation can also occur in such systems. The presence of 
ions causes highly nonideal behavior in the liquid phase. This 
impacts both the physical properties as well as the phase and 
reaction equilibria. Therefore, representative modeling of the 
chemical and phase equilibria is very important for such 
systems. Interactions between molecule-molecule, molecule- 
ion, and ion-ion exist and should be captured in the model. 
These systems may vary widely because of their chemical 
compositions (aqueous or mixed solvent, dilute, or concentrated 
solutions). Their conditions may vary widely, ranging from 
ambient temperature and pressure to supercritical conditions. 
While choosing the thermodynamic and transport models, the 
user must be sure about the applicability of the available models 
in the process simulator for the particular electrolyte systems 
being considered. The key considerations are 


1. Is the system aqueous? 

2. Is it a strong electrolyte system? 
3. Is it a mixed-solvent system? 

4. What is the solute concentration? 
5 


. What is the expected maximum temperature of the system? 


In the following discussion, the impact of these questions on 
the model selection will be covered. The answer to the last 
question is, of course, the highest temperature in the system, 
which may occur in a column reboiler or in a fired heater. 


There are a number of thermodynamic and transport models 
available in the open literature. Only some of them are available 
in process simulators. Most process simulators mention the 
limitations and applicability of the models in the online 
documentation. If not, this information can be obtained from 
the open literature. 

The important task of modeling electrolyte systems, as in 
many other systems, is the calculation of the VLE. Even though 
the ions do not directly participate in the vapor/liquid 
equilibrium, they affect the solution properties and the 
fugacities of the species participating in the equilibrium. For the 
species in both the phases, the condition for equilibrium is 


REF (13.2) 


a al f : ts ens 
where f and f , are the partial fugacity of species i in the 


vapor and liquid phases, respectively. Because of significant 
nonideality in the electrolyte systems, an activity-coefficient 
model is most often used for the liquid phase. The equilibrium 
condition can be written as 


$:y;P = 2i7,fi (13.3) 


where $, Yis f! are the fugacity coefficient of species i in the 
vapor phase, the activity coefficient, and the fugacity of pure 
species 7 in the liquid phase, respectively. In terms of a Poynting 
correction factor formulation, 


i : 
E (a 
where d; , PŽ ; ul are the fugacity coefficient of saturated vapor, 
the saturation pressure, and the molar volume of the saturated 
liquid for the pure species i respectively. g? and ¢* can be 
readily calculated from an equation-of-state (EOS) model, and 
y; is calculated from the activity-coefficient model suitable for 
electrolyte systems and will be further discussed in detail. Quite 
often in chemical engineering applications, such as in sour- 
water stripping and acid-gas removal, the operating 
temperature is greater than the critical temperature of the 
species. For example, the critical temperatures of CO, CO., and 
CH, are —140°C, 31°C, and —82°C, respectively. Therefore, since 
Equation (13.4) requires a value for P? this equation cannot be 
applied. Usually, such systems are modeled with Henry’s Law. 
Applying Henry’s Law, the equilibrium condition can be written 
as 


Ypi P = titi (13.5) 


where °° is the activity coefficient of species i in the mixture at 
infinite dilution evaluated at the temperature (T) and pressure 
(P) of the mixture, and H; is the Henry’s Law constant of the 
species i. For electrolyte systems, evaluation of the activity 
coefficients in the liquid phase is probably the most important 
calculation. The activity coefficient is often calculated from the 
Gibbs free energy. Once a suitable equation for the Gibbs free 
energy is obtained, other important thermodynamic properties 
such as enthalpy, entropy, heat capacity, and volume can be 
readily calculated from available thermodynamic relations. A 
discussion of calculation of excess Gibbs energy for electrolyte 
systems can be found in Appendix 13.1. 


A number of thermodynamic models are available in the 
process simulator environment for calculating Gibbs free 
energy. Table 13.4 provides a quick guideline for the 
applicability of some of these models, which include models due 
to Pitzer [14—16], modified Pitzer for systems containing weak 
electrolytes and molecular nonelectrolytes [17], Bromley-Pitzer 
[18, 19], electrolyte NRTL (unsymmetric) [20], electrolyte 
NRTL (symmetric) [21], eNRTL-SAC (unsymmetric) [22], and 


eNRTL-SAC (symmetric) [23]. The eNRTL-SAC models are 
particularly applicable to pharmaceutical systems consisting of 
large, complex molecules along with electrolytes. For sour- 
water and amine systems, two special thermodynamic models 
are available in most process simulators. The model for the 
sour-water system is based on an American Petroleum Institute 
(API) publication [24]. The model for the amine system, 
popularly known as “AMINE” or “AMINES,” is mainly based on 
the Kent-Eisenberg model [25]. This model is used for systems 
involving amines (mainly monoethanolamine, diethanolamine, 
diisopropanolamine, diglycolamine) and acid gases (mainly CO, 
and H.S). However, some process simulators have extended 
this model to other amines and other species, along with 
extensions to a wider operating range. Most process simulators 
clearly mention the range of operating conditions, such as 
temperature, pressure, maximum acid-gas loading, and amine 
concentration, over which the model is expected to be 
reasonably accurate. For a detailed discussion and additional 
guidance about using the thermodynamic models mentioned 
previously, the simulator user manual and the published 
literature should be consulted. It should be noted that the 
simulator vendors keep adding new models and updating the 
parameters for greater accuracy and to enhance the applicability 
of their model. The discussion above and the data in Table 13.4 
are based on currently available capabilities. The simulator 
documentation is a very good source for these updates. More 
discussion of the calculation of excess Gibbs energy for 
electrolyte systems using some of these models can be found in 
Appendix 13.1. 


Table 13.4 Applicability of Some Thermodynamic 
Models for Calculating Gibbs Free Energy/Activity 
Coefficient for Electrolyte Systems 


(Symmetric) 


Model Name Nonaqueous Mixed- Presence lonic 
System Solvent of Concentration 
System Molecular 
Solutes 

| Pitzer No No No < 6 molal 
Modified No No Yes < 6 molal 
Pitzer 

| Bromley-Pitzer No No No < 6 molal 
Electrolyte Yes (but Yes Yes Wide range 
NRTL cumbersome 
(Unsymmetric) and can be 

inaccurate) 

Electrolyte Yes Yes Yes Wide range 
NRTL 


eNRTL-SAC Yes (but Yes Yes < 6 molal 


(Unsymmetric) cumbersome 

and can be 

inaccurate) 
eNRTL-SAC Yes Yes Yes < 6 molal 
(symmetric) 


The activity coefficients can be calculated from the excess 
Gibbs energy. In the molality scale, this is given by 


a(G? / RT) 
P,T,nj 


The activity coefficient is then converted to the mole- 
fraction scale for the VLE calculation. Other thermodynamic 
properties can be calculated from the excess Gibbs free energy 
using consistent thermodynamic relationships such as 


sE = S e (13.7) 
HF = G” +Ts* = -RTP (552) 
(13.8) k 
of = (E), (EE), ao 
vE = S (13.10) 


Thermodynamic relationships similar to Equations (13.7) 
through (13.10) also hold true for the standard-state properties. 


Heat Capacity. The standard-state heat capacities can 
simply be expressed by a polynomial. If the parameters for such 
a polynomial are not available for some ionic species, their 
standard-state heat capacities can be calculated from 
correlations such as that of Criss and Cobble [26]. According to 
this correlation, which is based on the “correspondence” 
principle, partial molal heat capacity of an ionic species is given 
by 

Cp, (T) = Ai (T) + Bi (T) Sizs (13.11) 
where the parameters A,(T) and B,(T) depend upon the ion 
types and Sop is the standard-state ionic entropy at 25°C 


using an “absolute” scale. Note that 5, 95 values are available 


for a number of ionic species in the open literature or can be 
calculated from a change in the enthalpy and Gibbs free energy 
data. 


Molar Volume. Even though the molar volume/density 
can be calculated by thermodynamic relations such as Equation 


(13.10), this can result in a poor estimate. This information is 
particularly crucial for plant design and equipment sizing. For 
estimating the molar volume of an electrolyte system, Equation 
(13.12) can be written 


V = LyVy + ZsUs + LelVel (13.12) 


In Equation (13.12), Xw,Xs and xe; denote the mole fraction of 
water, all nonwater solvents, and the electrolyte(s), respectively. 
In addition, Vwų denotes the molar volume of water that can be 
obtained from the steam tables, and v, denotes the molar 
volume of the mixture of all nonwater solvents. The molar 
volume of nonwater solvents can be found using correlations 
such as the simple Rackett equation [27], the DIPPR equation 
[28], or the Campbell-Thodos model [29]. In Equation (13.12), 
Vel denotes the molar volume of the electrolyte that is usually 
calculated on the basis of the standard state as defined before. 
One common correlation used in process simulators is due to 
Redlich and Meyer [30]: 


Vel = v + Ay ./Ga + 2 Lel (13.13) 


In Equation (13.13), yv% is the true partial molar volume of the 
el P 


electrolyte at infinite dilution in water. A, and A, are constants 
that depend on the temperature of the system and the particular 
electrolyte. The molar volume of the ionic species can also be 
calculated from the Debye-Hiickel limiting law. 


Chemical Equilibrium. As the ionic reactions are 
generally fast, the reactions in an electrolyte system are often 
treated as equilibrium reactions. However, before performing 
the chemical equilibrium calculations, all possible reactions in 
the solutions must be identified. These reactions can be 
identified from the existing literature or by performing 
laboratory experiments. Identification of an appropriate 
reaction set is very important for the electrolyte systems, 
because the species compositions in the phases depend on both 
physical and chemical equilibrium. For liquid-phase reactions, 
the equilibrium constant can be written as 


[] in)" = Keg = exp (=) (13.14) 
4 


where v; is the stoichiometric coefficient of species i in a 
reaction, and Keg is the equilibrium constant. Equation (13.14) 
should be written for all the liquid-phase equilibrium reactions. 

In modeling electrolyte systems, transport of reacting 
species and transport of heat should also be precisely captured. 
So, the transport models should be selected carefully. The key 
transport properties are viscosity, thermal conductivity, 
diffusivity, and surface tension. 


Viscosity. For calculating the viscosity of electrolyte 
systems, the simplest equation is [31] 


u= m (1+ Ave) (13.15) 


where u and uo are the viscosities of the electrolyte solution and 
the pure solvent, respectively, and c is the concentration of 
electrolyte using a molarity scale. For the case of a mixed- 
solvent system, Lo can be calculated by an appropriate model 
such as the Andrade model [32] or by an appropriate mixing 
rule. The second term captures the change in the viscosity due 
to the presence of electrolytes. The coefficient A considers ion- 
ion interactions and can be calculated by the method of 
Falkenhagen and Dole [31] based on Debye-Hiickel theory. The 
coefficient A is a function of solvent properties, ionic charges, 
mobilities, and temperature. However, this equation is 
applicable only to very dilute systems, up to about 0.01 mol/L. 
A more widely used equation, which is applicable to solutions 
with concentrations up to about 0.1 mol/L, is due to Jones and 
Dole [33]: 


L = My (14+ Aye ++ Bc) (13.16) 


The third term on the right-hand side is included to account for 
the interactions between the solvent and the ions. It should be 
noted that the solvent-solute interaction can affect the viscosity 
of the solution. For this reason, the B-coefficient has been 
studied widely. For more concentrated solutions, a quadratic 
term was added to Equation (13.16) by Kaminsky [34]. A 
generic framework that considers similar terms as before was 
proposed by Lencka et al. [35]. In this speciation-based model, 
three contributions are considered: a long-range electrostatic 
term based on the Onsager-Fuoss theory [36], contribution of 
individual ions, and contribution of interactions between all 
species (ions and neutral species). This model has proved to be 
very accurate up to a concentration of 30 mol/kg and up toa 
temperature of 300°C. Temperature dependence of the 
parameters used in the viscosity models should also be 
considered for better accuracy. 


Thermal Conductivity. One of the widely used empirical 
correlations for calculating thermal conductivity of electrolyte 
solutions is the Riedel equation [37], 


k= ko +) aici (13.17) 


where k and ko are the thermal conductivities of the electrolyte 
solution and the solvent(s), respectively. a; is the Riedel 
coefficient for ion i and ko is calculated by some appropriate 
correlation or mixing rule for mixed-solvent systems. This 
equation is accurate for multicomponent systems up to medium 
concentrations. The Riedel correlation also fails to address the 
electrolyte systems that exhibit more complicated behavior than 
the simple linear expression considered in Equation (13.17). A 
generalized corresponding-states correlation for aqueous binary 
systems has been proposed by Qureshi et al. [38] using two 


system-dependent parameters for each binary solution and ten 
universal parameters. This model is very accurate over a wide 
range of concentration, pressure, and temperature. Like 
viscosity models, interactions between solvent-solvent and ion 
pair—solvent are considered for a mixed-solvent system. One of 
the key differences with the viscosity model is that the long- 
range electrostatic interaction term considered in the viscosity 
model does not have much contribution as derived from the 
Debye-Hiickel-Onsager-Falkenhagen model. 


Diffusion Coefficient. Multicomponent diffusion in 
electrolyte systems plays a key role not only in chemical process 
technologies but also in a large number of geological systems. 
For an electrolyte system, diffusivities of both the ions and 
molecular species need to be calculated. The diffusivities of the 
molecular species are usually calculated by an appropriate 
correlation such as that due to Wilke-Chang [39]. If the infinite 
dilution diffusivity is given by Do then considering the 
relaxation effect in an electrolyte solution, the Nernst-Hartley 
[40] model gives 


D = Do E +e | 


= (13.18) 


In Equation (13.18), y+ is the mean ionic activity coefficient 
and c is the molar concentration. Do can be calculated from the 
Nernst equation [41], 


0 30 
D = FS cee (13.19) 
where Fis Faraday’s constant, z, and z_ are the valences of the 
ions, and Ms and à? are the limiting equivalent conductivity of 
the cations and anions, respectively. It should be noted that this 
law is applicable only to simple binary electrolytes in very dilute 
solutions. 
In Equation (13.19), a suitable model is required for 
calculating y, If the Debye-Hiickel model [42] is used, then 


diny.. z42e7k 


a 16ne,kpT(1+Ka)” (13.20) 


where kp is the Boltzmann constant, a is the mean ionic 
diameter of the electrolyte, ¢, is the permittivity of the solvent, e 
is the elementary charge, and 1/x is the Debye-Hickel length. 


K= (22z)" (13.21) 
where N is Avogadro’s number and I is the ionic strength of the 
solution. However, this formula may be inaccurate even at 
concentrations as low as 0.01 N. In concentrated solutions, an 
additional term has been proposed by Onsager and Fuoss [36] 
to account for the electrophoretic effect. This effect occurs when 
the anions and cations migrating in the same direction face the 
same frictional resistance per ion. At higher concentration, a 


multiplicative term is introduced that captures the effect of the 
change in the viscosity on the ionic mobilities at finite 
concentration. Using the Stefan-Maxwell equation, this 
approach is found to be valid up to 4 M concentration [43]. The 
previous discussion again reiterates that a careful selection of 
the model for calculating diffusivity is required by considering 
the concentration of the electrolyte system and the number of 
solvents. 


Surface Tension. For calculating surface tension, Onsager 
and Samaras [44] derived a limiting law neglecting the 
contribution from the activity coefficient. For a single solute, the 
limiting law can be written as 


o=o- [in (2&5) —0.34557] (13.22) 
where 0, is the surface tension of the solvent mixture, e, is the 
relative permittivity of the solvent, and cec is the concentration 

of the solute in mole/cm’. do can be calculated using 

appropriate correlations such as the DIPPR equation [28], an 

NIST polynomial [45], or by using some mixing rule. For 

univalent electrolytes, the appropriate relationship can be 

written as 


79.517cz, 1.143x10-8 (e, T)’ 
o = 00 + = log io Ga 


(13.23) 


where cz is the concentration of the solute in mole/L. 

Although Equation (13.23), the grand-canonical Onsager- 
Samaras law based on the Gibbs adsorption isotherm, is very 
accurate at low concentration (up to about 0.1 M), it 
underestimates the value of surface tension at higher 
concentrations. For concentrated solutions, the calculation of 
surface tension is mainly based on a canonical formalism where 
the Helmholtz free energy is directly related to the surface 
tension. For an air-water system, the expression for surface 
tension takes the following form [46]: 


o = oo + kpT [6 Y ni + (© Dni) Ap (0.0483 + f (Kd, érat))| 
(13.24) 


where 6 is the thickness of the ion-free layer below the Gibbs 
dividing surface, and v; and n; are the valence and number 
density of species i, respectively. Ag is the Bjerrum length and is 


: _ e —_ 
given by AB = Ghéaahat? Erat = Eair /Ewat? and 


f (Kô, Erat) = f: ln i + (1) (Vit E-t) exp (-2nav) tdt 


0 
(13.25) 


Here £air and £€wat are the permittivities of air and water, 
respectively. This formulation shows that the excess surface 
tension contains a contribution from the ion-free layer, as 


shown by the second term in Equation (13.24); the image 
interaction between the electrolyte ions and the ion-free layer, 
as shown by the third term; and the image interaction between 
the electrolyte ions and air, as shown by the fourth term. This 
model is difficult to implement in a process simulator 
environment without reasonable approximations. To the best of 
the authors’ knowledge, this formulation is not implemented in 
any of the leading process simulators. However, it can be 
implemented in a process simulator as a user model. 
Discussions of user-added models can be found in Chapter 16, 
Section 16.2. 


13.6.2 Steps Needed to Build the Model of an Aqueous Electrolyte 

System and the Estimation of Parameters 
Multicomponent distillation involving electrolytes is one of the 
important operations in the chemical process industries. 
Examples include sour-water strippers, various types of amine- 
based systems, and alkaline-salt solutions for acid-gas removal. 
The following discussion concentrates on the simulation of 
distillation columns involving electrolyte systems. For modeling 
these systems, not only are the methods and models for the 
thermodynamic and transport properties important, but also 
the appropriate unit operation model should be implemented. 
To obtain a holistic idea of modeling such unit operations, an 
example of a distillation column will be given and explained. In 
the example, these property models are used in the overall 
modeling, and the system of equations that are solved in such 
systems will be considered. This example will clarify why the 
thermodynamic and transport models play key roles in the 
accuracy of the simulation results. 


First, a brief review of equilibrium-stage modeling will be 
given. The equations to be solved are known as the MESH 
equations [47]. The Material balance equations are written for 
the n species that are present in the system. Appropriate 
aqueous-phase ionic reactions are considered as part of this 
material balance model. The phase-Equilibrium equations 
depend upon the particular thermodynamic model chosen, as 
mentioned earlier, and are written for the molecular species. 
The Summation equations ensure that the mole fractions sum 
to unity and are written for the liquid and vapor phases. Finally, 
one entHalpy balance equation is written. It should be noted 
that if the previous equations are satisfied and the ionic 
reactions are written properly, the charge balance will be 
satisfied automatically. Sometimes, for electrolyte systems, an 
additional constraint due to the charge balance is imposed. 
Additionally, pressure drop equations may be considered. 


In a nonequilibrium-stage modeling problem, the MERSHQ 
equations are written [47]. In a nonequilibrium-stage model, 
the mass transfer through the interface plays a key role. For 
simplicity, consider a two-film model for mass transfer. Here, 
separate Material balance equations are written for the liquid 
phase, vapor phase, liquid film, and vapor film. The ionic 


reactions take place in the liquid phase and usually have very 
fast kinetics; the reaction terms are usually considered in both 
the liquid film and the bulk liquid. If additional reactions take 
place in the vapor phase, those reactions must also be 
considered. The Energy balance equations are written for the 
liquid phase, vapor phase, liquid film, and vapor film. At the 
interface, mass and energy fluxes are considered to be 
continuous. The transfer Rate equations are written for both 
mass and energy transfer rates. As before, the Summation 
equations are written to ensure that the mole fractions sum to 
unity. The Hydraulic equations are written for calculating the 
pressure drop across each stage. The phase eQuilibrium 
equations are written only at the interface as the phase 
equilibrium is assumed to exist only at the interface. Readers 
interested in the modeling and theory of multicomponent 
distillation columns are referred to the text by Taylor and 
Krishna [47]. Example 13.7 outlines the procedure involved in 
simulating a multicomponent distillation column. The problem 
considers the construction of a distillation column model for an 
electrolyte system in a process simulator using a rate-based 
simulation with a film model for mass transfer. Some of the 
steps are also applicable when simulating other unit operations. 
A detailed generic discussion of these steps, the parameters 
required at each stage, and possible sources of these parameters 
are provided in Appendix 13.2 at the end of this chapter. 


Example 13.7 


Develop the model of a sour-water stripper (SWS) as 
shown in Figure E13.7(a). Consider the following ionic 
reactions: 


Acid Gas 
Sour Water 


1 kmol/s 


40°C 

3 atm = 

99.75 wt% H,0 ieee 

0.1 wt% NH3 — 
0.15 wt% HS 10 Trays 


Kettle-Type Reboiler 


Stripped Water 


Figure E13.7(a) Schematic of the Sour-Water 
Stripper (SWS) Column 


H0 = H* + OH™ 

HS = Ht + HS 

HS- = H+ +8”? 
NH; + H0 = NH} + OH- 


For this system do the following: 


1. Simulate both an equilibrium-stage and a nonequilibrium-stage 
model and compare the key results such as reflux ratio (RR), 


reboiler duty, and so on. 

2. For comparison, also simulate an equilibrium-stage and a 
nonequilibrium-stage model without considering the electrolyte 
chemistry, that is, without the ionic reactions. 

3. Develop another nonequilibrium-stage model without 
considering the fourth reaction. 


The desired specification for the separation is that the 
bottom product should not have more than 30 ppmw 
NH, and 10 ppmw H.S and the top product should have 
25% (mole basis) acid gases (HS and CO3). 


Solution 


Step 1: Generate the set of linearly independent 
ionic reactions. 


The simulation is set up in Aspen Plus V9.0. It can also 
be set up in other compatible software platforms. In 
Aspen Plus V9.0, the “Electrolyte Wizard” can be used to 
generate a set of possible ionic reactions automatically. 
The reaction set and the linear independence of the 
reactions must be checked. In this case, the following 
equilibrium reactions are generated by selecting 
hydrogen ion type as H” and by neglecting salt formation 
reactions under the “Electrolyte Wizard,” the equilibrium 
constants are estimated by Aspen Plus V9.0, and these 
are in agreement with the existing literature: 


H0 = H* + OH InK eq = 132.89888- 4E? —22.4773InT 
H:S = Ht + HS™InKeq = 214.582443— 4 _33.5471nT 


HS = Ht + SinKey — _9.741963— sents 
NH; + H,O = NH} + OH InK.q = —1.256563— 224 
+ 1.49711InT—0.0370566T 


Here T is in K, the concentration basis is mole fraction, 
and the reference state for the activity coefficients of ions 
is chosen to be the aqueous phase at infinite dilution, as 
mentioned previously. The equilibrium constants are 
calculated by using reference-state Gibbs free energies of 
the reactants and products in a particular reaction. In 
Aspen Plus, the electrolyte calculations can be done with 
a “true component” or an “apparent component” 
approach. In this example, the apparent components are 
H,O, NHg, and H,S. The true components are H30, H*, 
OH , H.S, HS’, S°, NH}, and NH}. In this simulation, 
the “true component approach” is used. For selecting this 
option, under the “Properties” pane, click the “Home” 
tab, then click “Methods” on the ribbon. Click the 
“Global” tab and then check the box for “Use true 
components” availavle under “electrolyte calculation 
options.” This option is also available in one of the setup 
steps in the Electrolyte Wizard. 


Step 2: Select the appropriate thermodynamic 


models and check their parameters. 


The electrolyte NRTL (“ElecNRTL” in Aspen Plus V9.0) 
thermodynamic model is used. Note that NH, and H S 
are considered to be Henry’s Law species. To check the 
correctness of the thermodynamic model and its 
parameters, VLE results from the model are compared 
with the experimental data from Rumpf et al. [48] in 
Table E13.7(a). 


Table E13.7(a) Comparison of the VLE Results 
from the Simulation with the Experimental 


Data [48] 
Temperature Molality PNH, (MPa) Pu,s (MPa) 
(°C) 
NH3 H2S Exp Model % Error Exp Model 
(abs) 
80 6.004 2.084 0.0619 0.0669 8.08 0.0372 0.0360 
80 6.033 4.647 0.0204 0.0250 22.55 0.4231 0.4460 
120 5.813 2.167 0.1660 0.1890 13.90 0.2362 0.2709 
120 3.210 1.056 0.0984 0.1023 3.96 0.1186 0.1270 


Since NH, and H3S are declared as Henry’s Law 
species, from Equation (13.13) it can be seen that the 
VLE calculation depends not only upon the activity 
coefficients calculated by the electrolyte NRTL model but 
also on the Henry’s Law constants of the species NH, and 
H.S. In Table E13.7(a), it is observed that the VLE results 
from the simulation are reasonable when compared to 
the experimental data. Therefore, the default parameters 
in Aspen Plus for the electrolyte NRTL model and 
Henry’s Law constants are acceptable and need not be 
modified. The standard-state heat capacity parameters 
and the density parameters are not modified since the 
electrolyte solution is very dilute and it is a weak 
electrolyte system. So, the standard-state heat capacity 
and density are not expected to be much different from 
those of pure water. 


Step 3: Select the appropriate transport models 
and check the parameters. 


The default transport models for viscosity, surface 
tension, thermal conductivity, and diffusivity for the 
chosen property method are the Jones-Dole model 
(Equation [13.16]), Onsager-Samaras model (modified 
Equation [13.22]), Riedel model (Equation [13.17]), and 
Nernst-Hartley model (Equation [13.18]), respectively. 
These models with their default settings (option codes in 


Aspen Plus) and parameters are used because the 
electrolyte system considered here is very dilute, and 
these properties are not expected to differ much from 
those of pure water. For comparison, the surface tension 
of Stream 1 is compared with the surface tension of pure 
water and the literature data [49] in Figure E13.7(b). 


——- Stream 1 (Model) 
Pure Water (Model) 
~~ Pure Water (Literature) 


Surface Tension (mN/m) 


40 60 80 100 120 140 
Temperature (°C) 


Figure E13.7(b) Surface Tension of Stream 1 and 
Pure Water from the Aspen Plus Model and Surface 
Tension of Pure Water from the Literature [49] 


Step 4: Set up the distillation column. 


First, the equilibrium-stage model is set up by using a 
“RadFrac” block. The column has 12 stages (including the 
reboiler and the condenser), the condenser is “partial- 
vapor,” and the reboiler is “kettle” type. The column 
condenser pressure is 2 atm (abs), and the pressure drop 
per stage is 0.007 bar. Stream 1 is specified as given in 
the problem data and connected to stage 2. Streams 2 
and 3 are connected to the condenser and bottom outlets, 
respectively. Tray sizing is done using single-pass Glitsch 
ballast-type trays, with the fractional approach to 
flooding being 0.8. First, a solution is obtained 
considering a reflux ratio of 2 (mole basis) and bottoms- 
to-feed ratio (mole basis) of 0.95. At this step, the 
product specifications are not satisfied, but this step is 
crucial to take care of any convergence problems and for 
generating the initial guess for subsequent solutions. The 
convergence is obtained by using the default “standard” 
algorithm (an inside-out algorithm). As the H.S 
specification in the bottom stream can be easily satisfied 
when the NH, specification is satisfied, two design 
specifications are now written to satisfy the product 
specifications. For maintaining the NH, specification in 
Stream 2, its value should be available in the stream 
results. However, this specification is on an apparent 
component basis, but this simulation is carried out with 
the “true component” approach. To calculate the 
apparent NH, composition (mass basis) in Stream 2, a 


user “property set” is set up. To start, under the 
“Properties” pane, click the “Home” tab, then click 
“Components” on the ribbon. Click the “Property Sets” 
on the left-hand side pane. Click “New” and enter a 
name. In the window that opens up, click the 
“Properties” tab and then under “Physical properties,” 
select “WXAPP” from the dropdown options. Under the 
“Qualifiers” tab, select the “Phase” as “Liquid” and the 
“Component” as “NH3.” Two “design specs” are written. 
The first one is to maintain the H2O content in Stream 2 
at 75% (mole). The second one is to maintain the NH, 
specification in Stream 3. For this, the “design 
specification type” is selected as “property value,” and 
under the “property set,” the user property set is selected 
along with the slection of the appropriate product stream 
available under the “Feed/Product streams” tab. Two 
“vary” blocks are created. The “adjusted variables” are 
“bottoms to feed ratio” and “reflux ratio.” The results are 
shown in Table E13.7(b). 


Table E13.7(b) Comparison of the Key Results 
from the Equilibrium-Stage Models (with and 
without Reactions) and the Nonequilibrium- 


With 
Reaction 


6.82 


30.65 


7-23 


1.51 


122.21 


1.80 


Stage Models 
Equilibrium-Stage Nonequilibrium-Stage Model 
Model 
No With No Fourth 
Reaction Reaction Reaction Reaction 
Off 
RR (Mole) 0.52 1.60 3.94 3.94 
Reboiler 23.77 25.01 27.50 27.50 
Duty 
(GJ/h) 
Condenser 0.55 1.7 4.17 4.17 
Duty 
(GJ/h) 
Tray 1.36 1.39 1.44 1.44 
Diameter 
(m) 
Bottom 121.83 121.83 122.21 122.21 
Temp (°C) 
Bottom 2.07 2.07 2.10 2.10 
Pressure 
(atma) 
H.S in (0) 1 Trace Trace 
Bottom 
(ppmw) 


In the next step, the equilibrium model without the 
electrolyte chemistry is considered. Note that under this 
condition, only physical equilibrium is considered. The 
same thermodynamic model “ElecNRTL’ is used, but the 
electrolyte NRTL model becomes the well-known NRTL 
model in the absence of ions. The key results are shown 
in Table E13.7(b). 

The nonequilibrium-stage model with the electrolyte 
chemistry can simply be generated by copying the 
equilibrium-stage model with the electrolyte chemistry 
and then modifying it to “rate-based” under “calculation 
type” available under “specifications.” Here, the 
condenser pressure is specified, but the pressure drop 
per tray is removed since it will be calculated. The 
following tray specifications are used: Glitsch ballast tray 
with weir height of 46.55 mm. Under “design/Pdrop” in 
the “setup” menu, the box for “update section pressure 
profile” is checked and the option for “fix pressure at” is 
selected as “top.” The box for “rate-based calculations” is 
checked under “rate-based.” Diffusion resistance in both 
the liquid and vapor films is considered. Because of the 
rapid ionic reactions, the reactions are also considered in 
the liquid film by selecting the option “discrxn.” For 
determination of mass transfer coefficients, heat transfer 
coefficients, and interfacial area, the correlations by 
Gerster et al. [50], Chilton and Colburn [51], and Scheffe 
and Weiland [52], respectively, are selected under “Tray 
Rating.” The box for “design mode to calculate column 
diameter” under “Tray Rating” is checked. The remaining 
settings are the default values in Aspen Plus V9.0. Again, 
the design specifications are written after an initial 
solution is obtained. The differences in the 
specifications/results are shown in Table E13.7(b). In 
addition, two other simulations are considered, both 
using the nonequilibrium-stage model. In the first 
example, all the reactions are turned off. In the second, 
only the fourth reaction is turned off. The solution is 
obtained using the default settings for the solver. Aspen 
Plus V9.0 solves the rate-based distillation problem 
using Newton’s method with the solution from the 
equilibrium-based mode as the initial guess. 

In Table E13.7(b), it can be seen that considerable 
differences exist between the reflux ratios (RR) and 
condenser duties for all three models. If the 
nonequilibrium-stage model with all the reactions is 
considered to be a correct model for the system, then its 
condenser duty is 4.3 and 13.3 times greater than the 
equilibrium-stage model with and without reactions, 
respectively. On the other hand, the results from all three 
nonequilibrium models show that if the fourth reaction is 
not considered, the results are similar to the no-reaction 


case. Even though the electrolyte chemistry is 
automatically generated in many process simulators 
when a particular thermodynamic model is chosen, this 
example demonstrates that the user needs to be vigilant 
to ensure that all the important reactions are considered. 
It can be seen in Table E13.7(b) that the HS 
concentration in the column bottom stream is well below 
the required limit of 10 ppmw for all the simulations. 


In Example 13.7, the default parameters for the 
thermodynamic and transport models were used. Because the 
sour-water system has been well studied for many years and the 
system is very dilute, the default parameters from Aspen Plus 
V9.0 are representative. However, for electrolyte systems, 
where the simulator databank parameters are not available or 
not representative, the parameters must be regressed, as shown 
in Example 13.4. More discussion on parameter estimation can 
be found in Chapter 16, Section 16.5. 


13.7 SOLIDS MODELING 


Solids handling is abundant in the process industries. Starting 
from the fluidized catalytic cracking (FCC) unit in a petroleum 
refinery to the modern power plant using coal, various unit 
operations involve the handling of solids. Solids may 
significantly affect mass, momentum, and energy balances in a 
chemical system even if the solid is inert. In addition, the 
particle-size distribution of the solid can affect the operation of 
solid handling equipment such as cyclone separators, crushers 
and grinders, and crystallizers. Hence, for simulating these 
processes accurately, the fundamentals of solids modeling must 
be understood. 


13.7.1 Physical Properties 


Sections 13.2 and 13.4 provided a detailed account of the 
importance of selecting the appropriate physical property 
methods and models. Solids modeling is no exception to this 
approach. The systems involving solids can be composed of 
various well-defined solids (such as SiOz, Fe.Ox, etc.) or solids 
that themselves are heterogeneous mixtures of complex 
materials (such as coal or biomass). In addition, various 
polymorphs may be present. Polymorphs are different 
crystalline or amorphous forms of the same solid in which 
molecules have different arrangements and/or different 
molecular conformation. The polymorphs usually differ in their 
dissolution rate, melting temperature, reactivity, sublimation 
temperature, and other attributes. The properties of the solids 
depend not only upon their composition but also on their 
structure, which is almost impossible to characterize in a 
process simulator. Therefore, many solids that are frequently 
encountered in the process industries are not available in 
simulator databanks. Quite often, the user has to declare the 


solids as a user-defined species, where the needed physical 
property data are provided. In addition, the thermodynamic 
and transport calculations that are important for modeling a 
particular system must be identified. The following discussion 
considers only systems consisting of nonelectrolyte solids. 
Systems consisting of electrolyte solids (salts) should be treated 
as mentioned in Section 13.6. 

There are some process operations (such as crystallization) 
and many metallurgical processes where solid-liquid 
equilibrium (SLE) is important. In many process simulators, no 
models exist for calculating SLE. However, in some process 
simulators, an empirical or semi-empirical approach is available 
for calculating the SLE. The condition for SLE is 


Per (13.26) 


al > : id avs 
where f , and f : are the partial fugacities of component i in the 
liquid and solid phases, respectively. 


In terms of activity coefficients, Equation (13.26) can be 
written as 


ziyi = ak hi (13.27) 


T 
H!-H; ; ; ; 
where Iny; = | ar aT, , Zi is the solid mole fraction, and 
Ts 


Tm; ÌS the melting temperature of pure species i Further 
simplification of the fugacity-coefficient integral can be made in 
terms of heat of fusion and heat-capacity change of melting. 

For calculating yl, a suitable activity-coefficient model is 
used for the liquid phase. For calculating ya correlation (such 
as the Margules equation, Redlich/Kister expansion, Wilson 
equation, van’t Hoff equation, etc.) or some polynomial 
equation for the activity-coefficient model is used. It should be 
noted that the van’t Hoff equation is usually applied to systems 
where the solid-and liquid-phase species are chemically and 
structurally similar and, therefore, can be considered to have 
formed a near-ideal solid solution. 

For a multicomponent system, the Margules equation is 
given by [53] 


lng? = ya [Ari + Bri (zr —22z:)] -X Y zrez; [Ari + 2Bri (£k—z;)] 
kżi k<j 


(13.28) 


However, when strong specific interactions such as hydrogen 
bonding, dimerization, or association exist among some of the 
constituent molecules, the Margules equation often fails. 

There are also a number of systems where solid-vapor 
equilibrium (SVE) or solid-liquid-vapor equilibrium is 
important. A sublimation curve may be constructed that 
represents the SVE on a P-T diagram for pure species. One of 
the important examples of SVE, being widely studied now, is the 


formation of gas hydrates or clathrate hydrates. For SVE, 
f, =f; (13.29) 
In terms of activity coefficients, 
yids P = anf fi (13.30) 


In terms of the Poynting correction factor, 


* m * vi P-P; 
fE =¢; P., gue) (13.31) 


where vs is the molar volume of the solid for the pure species i. 
vs is usually calculated by a polynomial function of 
temperature, $; and d; can be readily calculated from an 
equation-of-state model, and y? is calculated as before. Once y? 


is calculated, the excess Gibbs energy for the solid phase can be 
calculated by 


GES $ 
ar =) almy; (13.32) 


a 


This expression can then be used for methods that use Gibbs 
energy minimization techniques for equilibrium calculations. 
Other excess terms can then be calculated using Equations 
(13.7) through (13.10), as shown in the previous section. For 
certain chemical processes, the calculation of excess enthalpy is 
very important and should be checked by regressing with 
published data. 

Similar to electrolyte systems, the standard-state properties 
can also be calculated by a similar approach. For example, if the 
standard-state heat capacity (z >) is known, the standard- 


state enthalpy, entropy, Gibbs energy, and molar volume can be 
calculated from similar equations as before. 

The standard-state heat capacities can be simply expressed 
by a polynomial. Pure-component solid heat capacities can be 
expressed by the suitable DIPPR equations [28], by some 
polynomial function of temperature, or other standard sources 
for thermodynamic models and their parameters for pure 
species [45, 54]. 

There are some important process applications involving 
solids that are difficult to characterize in terms of their 
constituent species. Examples include various types of coal, 
petroleum cokes, biomass, and other naturally occurring 
materials. Common processes that involve these solids include 
combustion, gasification, and reactions involving metal oxides 
(such as in many chemical looping processes and ore-smelting 
processes). For such processes, the calculation of enthalpy and 
density (molar volume) plays a key role. These are usually 
calculated either from correlations or polynomials. Such 
formulations are heavily parameterized, and a reasonable 
estimate of these parameters is needed. Substantial information 


exists in the open literature that can be used to determine these 
parameters. The applicability of the form of the model for the 
solids involved must be checked, and then an estimate of the 
parameters must be made using regression tools, which are 
usually available in the process simulator. Parameter estimation 
using regression tools in a process simulator is discussed in 
Chapter 16, Section 16.5. 


Thermal conductivity of pure solids is often modeled with a 
polynomial in temperature or using some other correlation. The 
mixture thermal conductivity is often modeled with a mole-or 
mass-weighted average or by using a simple mixing rule. 


13.7.2 Parameter Requirements for Solids Model 


Parameter requirements depend largely upon the system that is 
being modeled. For example, for a solids combustion system, 
the enthalpy calculation and the associated parameters must be 
correct. On the other hand, if a crystallization system is being 
modeled, the parameter requirements for the SLE calculation 
must be evaluated carefully. A set of guidelines for choosing the 
appropriate models and parameters for solids modeling is 
given: 


1. Ifthe Margules equation is used for calculating the activity coefficients of 
the species in the solid phase, the A and B parameters are required. These 
parameters are not composition or pressure dependent, but they are 
dependent on temperature. Experimental SLE data at different 
temperatures are needed to determine their temperature dependency. 
Quite often, these parameters vary with 1/T. 

2. For calculating the fugacity coefficient in the gas phase, interaction 
parameters may be needed based on the EOS used. Even though these 
parameters are available in process simulator databanks for a large 
number of gaseous species, they may not be available for many species 
that are solid at room temperature. The presence of heterogeneous solids 
with complex structures will further complicate the situation. These 
parameters must be determined by regression of experimental data. 

3. As mentioned before, most of the thermodynamic and transport models 
are empirical for solids systems. The applicability of a model for a 
particular system should be verified. This can be done by reviewing the 
existing literature and comparing the model predictions with 
experimental data in the operating region of interest. If the model 
parameters are already available in the databank, then the requirement of 
additional parameters should be checked along with any required 
modification to the existing parameters. The parameter requirements will 
depend on the model chosen. The polynomial models, frequently used in 
solids modeling, are usually linear-in-parameter (LIP) models. Therefore, 
a least-squares estimate can be obtained easily, even without using the 
process simulator. 


Example 13.8 


p-Xylene is commercially separated from a mixture of 
xylenes in a crystallizer, because its freezing point is 
much higher than that of its other isomers [55]. The feed 
is first cooled and then sent to a scraped-surface heat 
exchanger. Since the wall of this heat exchanger is at a 
very low temperature, the crystals are formed on the 
wall. These crystals are then removed by scraping with a 


spring-loaded blade. Two stages are used to increase the 
product purity. For modeling purposes, only one stage of 
this process will be considered in this example. This first 
stage will be modeled as a chiller, E-2001, followed by a 
crystallizer, CR-2001, as shown in Figure E13.8(a). 


Lean Mixed 
Xylenes 


Mixed Xylenes 
p-Xylene 


E-2001 


Figure E13.8(a) Flowsheet of the p-Xylene 
Crystallizer 


Conditions of Stream 1 in Figure E13.8(a) are as 
follows: 


Temperature 23.9 
(°C) 
Pressure (bar) 1.38 


Flowrate (m? /h) 16.99 


Composition (wt%) 
p-Xylene 15.8 
m-Xylene 39.6 
o-Xylene 20.0 


ethylbenzene 18.6 


toluene 6.0 


For simplicity, consider that no recirculation occurs in 
the crystallizer. The crystal growth rate is given by 


Rog = 3.05 x 1078 S°? m/s 
where 


Xs—Xs 
S = Supersaturation Ratio = a 
S,eq 
Xs is the mole fraction of solute in the liquid, and X,, eg is 
the mole fraction of solute in the liquid at crystallization 
temperature. The nucleation rate is given by 


Ry = 8 x 10" Snumber of crystals nudeated / hr /ft* 


Simulate this system and find out the mole fraction of p- 
xylene in the solvent in Stream 4, the flowrate of solid p- 
xylene leaving the crystallizer (flowrate of Stream 3), and 


the supersaturation ratio of Stream 4. 


Solution 


This system is simulated in PRO/II 8.3. All the species 
are selected from the SIMSCI databank. For the SLE, the 
van’t Hoff equation is used. The melting temperature of 
the species present and the heat of fusion required for 
the van’t Hoff equation are used from the SIMSCI 
databank. The solubility of p-xylene calculated by PRO/II 
matches very well with the experimental data [55], as 
shown in Figure E13.8(b). Therefore, no changes to the 
existing PRO/II parameters are necessary for the SLE 
calculation. 


Calculated in PRO/II 
* Experimental data 


Mol % of p—Xylene in Solvent 


-100 -80 -60 -40 -20 0 20 
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Figure E13.8(b) Comparison of p-Xylene Solubility 
between Experimental Data [56] and Calculated in 
PRO/II 


Due to the very low temperature of operation and the 
species in the feed, no vapor phase exists. Therefore, the 
selection of thermodynamic model for VLE is immaterial. 
The enthalpy and density calculations are based on 
generalized correlations available under “library” 
methods in PRO/TII, where the pure species properties 
are retrieved from the SIMSCI databank. The mole 
fraction of p-xylene in the solvent in Stream 4 is 0.0607, 
the flowrate of p-xylene from the crystallizer (flowrate of 
Stream 3) is 14.37 kmol/h, and the supersaturation ratio 
of Stream 4 is 5.98 x 10 °. 


APPENDIX 13.1 


Calculation of Excess Gibbs Energy for Electrolyte Systems 


Before discussing the equations for calculating Gibbs free 
energy, it should be noted that any partial molar property can 
be written as a departure of that property from the standard 
state 


M=M°+™M°" (13.33) 


where Jf” and ME represent the standard-state and excess 
properties, respectively. Even though the standard state can be 
considered to be any defined state, usually a 1 M solution of the 
species extrapolated to infinite dilution is considered to be the 
standard state for aqueous electrolyte systems. Therefore, this 
state is usually called an infinite dilution state. For convenience, 
the aqueous activity coefficient of a dissolved species is usually 
defined with an asymmetric convention. With this convention, 
the activity coefficient approaches unity as the concentration 
approaches zero. 

The molar Gibbs free energy of an electrolyte system can be 
expressed as 


Gms = Lw Mew + ` Tihi + RT Ds ope ay a zrla, 
3 7 3 j 
(13.34) 


In Equation (13.34), the last term represents the excess Gibbs 
free energy, Uc is the chemical potential of pure water, uZ is 


the aqueous infinite dilution chemical potential, and the third 
term on the right-hand side captures the behavior of the species 
jin an ideal solution. It should be noted that uE naturally 


appears because of the choice of the standard state. Additional 
terms must be added to the equation if nonaqueous solvents are 
also present. 

If the excess Gibbs energy is represented in terms of activity 
coefficients, as in Equation (13.34), the nonideal contribution 
can become a strong function of the model that is chosen for the 
activity coefficients. The activity coefficients for the electrolyte 
systems are expressed as a combination of long-range and 
short-range contribution terms. The long-range contribution 
represents the interaction in a dilute solution where the solutes 
are far apart. This term is usually represented by a Debye- 
Hückel term or a modified Debye-Hückel term. The short-range 
term is usually represented by summing up the interactions 
mainly between ion-ion, ion-molecule, and molecule-molecule 
pairs in a concentrated solution where the solute species are 
close to each other. Even though a number of formulations are 
available for calculating the activity coefficients, it is not 
possible to provide a detailed account of all the models here 
because of space limitations. However, based on popularity and 
implementation in commercial process simulators, the work of 
Pitzer and Chen will be presented here [14, 17, 20]. In most of 
these models, the excess Gibbs energy is written as 


G = GY, + GS, (13.35) 


where Gor and Gp represent the contribution due to the long- 
range and short-range forces, respectively. Various expressions 
are available for capturing the contributions of these forces. The 
models usually vary because of the different expressions used 
for capturing these forces. The activity coefficient can be 


obtained from the excess Gibbs energy from the chosen 
thermodynamic model. The modified Pitzer equation for excess 
Gibbs energy of a strong aqueous electrolyte system is [17] 


+ ye XN mama’ (o a do eben .) ae D 
a a’ s Í 


YO meZe 
>D Bea + -zz Ue 


(13.36) 


The first term captures the effect of the long-range Coulomb 
forces. The remaining terms are used to capture the effect of the 
short-range forces. In Equation (13.36), subscripts c and c’ a 
and a’ stand for cations and anions, respectively. Z is the 
absolute value of the ionic charge, n,, is the mass of solvent 
water in kg, and m; represents molality of any solute j. B and 0 
are binary-interaction terms, and C and y represent ternary- 
interaction terms. The cation-anion interaction parameters B 
and C are characteristic of single aqueous electrolyte systems, 
with parameter C being important only at high concentrations. 
The parameters 6 and y account for the difference of 
interaction of the unlike ions of the same sign from the average 
of the like ions and are characteristics of each aqueous mixed- 
electrolyte system. fis considered to be a function of the ionic 
strength. Following Debye-Hiickel [42], 


f = —Ag (41, /b) ln (1 + bVIz) (13.37) 


where b is a parameter, the optimal value of which is found to 
be 1.2, and J, is the ionic strength on a mole fraction basis, 
where 


1 
I, = 3 mz (13.38) 


Ag is the Debye-Hiickel constant and is given by 


_ 12nd, \°> 3 
Ay = 3 (aa) ape (13.39) 


where d, is average solvent density. 

As such, the modified Pitzer model does not consider the 
contribution of the molecular solutes, which is typical for many 
industrial processes where molecular nonelectrolytes and weak 
electrolytes are present. These limitations are addressed in the 
electrolyte-NRTL model [17, 20]. This model captures the short- 
range interactions similar to the NRTL (nonrandom two-liquid) 
model. The long-range, ion-ion contributions are captured by 
the Pitzer-Debye-Htickel model in much the same way as is 
done in the modified Pitzer equation. This model considers 
additional terms due to molecule-ion and molecule-molecule 
interactions and is, therefore, appropriate for weak electrolyte 


systems. For a multicomponent system, the contribution of the 
short-range forces due to the excess Gibbs energy is given by the 
electrolyte-NRTL model as 


E 5 Xj G mT int > Xj Gica ‘eT Jat 
eE +L Se ee 
= m c 
RT m XO XkGim Cc at So Xa” So XkGrea'e 
k a” k 
Xj Gjac'aT ja,c'a 
Xe j 
2a) Sa 
a 7 Xe D XkGka,c'a 
ç g k 
(13.40) 


where subscripts m, c and c’ and a and a’ stand for molecular 
species, cations, and anions, respectively. Subscripts j and k 
denote any species. 

In Equation (13.40), 


X; = xL; where L; = Z; for ions and unity for molecular 
species 

Gji = exp(—Ayi Ti 

Gji, ki = EXP(—Oji, ki Gi, ki 


a and t are NRTL nonrandomness and binary-interaction 
energy parameters, respectively, and x denotes the true liquid- 
phase mole fraction considering all species. This model is used 
for both aqueous and mixed-solvent multicomponent 
electrolyte systems over a wide range of concentrations and 
temperatures. 


APPENDIX 13.2 


Steps to Build a Model of a Distillation Column for an Electrolyte 
System Using a Rate-Based Simulation with a Film Model 
for Mass Transfer, the Parameters Required at Each Stage, 
and Possible Sources of These Parameters 


Step 1: Generate the set of linearly independent ionic 
reactions. 

The usual steps for the initial simulator setup for the operating 
conditions, units of measurement (UOM), and so on, are 
completed for all the molecular species in the system. In the 
initial step, it is crucial that all possible ionic reactions be 
considered. For many process simulators, these reactions are 
automatically generated. If not, the usual source for obtaining 
such a reaction set is research literature. Even though a reaction 
set is automatically generated by the process simulator, it is a 
good idea to review it and modify it, if needed, based on 
previous studies reported in the literature. 

The equilibrium constants for the ionic reactions are now 
considered. Usually these constants are automatically calculated 
by the simulator based on Gibbs energy change or are obtained 
from some existing databank. If needed, the default values may 
be changed, based on results in the existing research literature. 
For the kinetic reactions, usually the pre-exponential factor, 


activation energy, and exponents on reactions and products 
must be provided. 


At the end of this step, all the species present in the system 
are generated. If some of the ionic species and their required 
pure-component properties are not available in the existing 
simulator databank, then these species must be created and the 
required pure-component data provided. As discussed in the 
following paragraphs, the requirement of the pure-component- 
properties data depends upon the choice of the thermodynamic 
and transport property models. 


Step 2: Select the appropriate thermodynamic models 
and verify their parameters. 


The second important step is the selection of the 
thermodynamic models. The models should be appropriate for 
the type of system being modeled. As mentioned, the key 
property to calculate is the Gibbs free energy of the electrolyte 
system. Once the model is chosen, the required parameters can 
be determined by using the data regression system usually 
available in most process simulators. For example, in the 
electrolyte NRTL model, the model binary parameters are the 
nonrandomness factors Qca,m; Aca,ca’ Aca,c’ a AN Amm’ and the 
energy parameters Tea,m> Tm,ca» Tca,ca’> Tea’,car Tea,c’ar Te’a,ca» Tmm’> 
and Tm’m Applying this model to a propanol-water-NaCl system, 
the binary parameters are Owater-propanol> ANaCl-water» ANaCl- 
propanol» tNaCl-water> Twater-NaCl, TNaCl-propanol Tpropanol-NaCl tNaCl- 
propanol aNd Tpropanol-water: For the system mentioned above, the 
parameters Qwater-propanol> Twater-propanol> and Tpropanol-water Can 
be regressed with LLE data for the propanol-water system. 
Since data for this aqueous electrolyte systems are abundant, 
the parameters Qnacl-water: TNaCl-water» and Twater-NaCl Can be 
regressed with data from the NaCl-water system. The remaining 
three parameters can be found by regression using the mixed- 
solvent system. Use of the data regression tool in a process 
simulator environment was discussed earlier in this chapter and 
will also be discussed later in Chapter 16, Section 16.5. Quite 
often, only the excess properties are calculated from the excess 
Gibbs energy, while the standard-state properties are calculated 
from other thermodynamic properties, such as standard-state 
heat capacities. 

For species that are only slightly soluble, Henry’s Law is 
often used. The Henry’s constant for at least the key 
components and solvents must be specified. For a mixed- 
solvent system, Henry’s Law data are needed for each solvent- 
species pair. For example, if a system contains two solvents X 
and Y and two Henry species CO, and H.S, Henry’s parameter 
should be supplied for X-CO., X-H.S, Y-CO,, and Y-H.S. These 
parameters can be readily calculated from the experimental 
binary VLE data of the corresponding systems or obtained from 
handbooks, such as Perry’s handbook [57]. 


As mentioned before, the standard-state heat capacity may 


be used for calculating other standard-state properties. If it is 
calculated from heat capacity polynomials, then the coefficients 
for such polynomials must be available for all the solvents, the 
molecular solutes, and the ionic species. In a process simulator, 
these data are usually available for a large number of molecular 
solutes and solvents. If the heat capacity is missing for some 
ionic species, it can be calculated using the Criss-Cobble [26] 
correlation, as mentioned previously. Next the values for A;(T), 
BT), and S05 needed. A large database for heat capacity 


polynomials or for the Criss-Cobble parameters is available in 
the open literature [26, 58]. These parameters are usually 
determined from calorimetric data by considering heats of 
solution. Data are available for temperatures up to 200°C. Criss 
and Cobble suggested a simple extrapolation of the entropy 
parameters beyond 200°C. The validity of such extrapolation 
needs to be checked on an individual basis. The good news is 
that most of the common chemical engineering applications 
with electrolyte systems have operating temperatures below 
200°C. 

For calculating the molar volume/density, the required 
parameters should be available and must be appropriate. For 
example, if the Redlich-Meyer correlation is used for molar 
volume of the electrolytes, then the values for On A, and A, 


are required for all the electrolytes present in the system along 
with the parameters required for calculating molar volume of 
water and all other solvents. These parameters can be 
determined by experimental density data of the appropriate 
systems. For a mixed-solvent system, appropriate parameters 
are needed for the correlation/mixing law used to calculate the 
value of vs in Equation (13.12). 


Step 3: Select appropriate transport models and verify 
their parameters. 


For some unit operation and equipment models, the transport 
model may not play any role at all. Usually, this is the result of a 
simplified model or a simplifying assumption about the 
transport of the species. For example, if an equilibrium-stage 
model is developed and the pressure drop is provided by the 
user, the transport model is probably not used. Sometimes the 
transport properties are calculated by the simulator for use in 
the sizing routines. 

The viscosity model should be chosen based on the process 
application. In most viscosity models, in the absence of 
electrolytes, the viscosity of the pure-solvent/mixed-solvent, Lo 
is calculated by an appropriate model. There can be parameter 
requirements for this model. In addition, model parameters are 
needed for the correction term. For example, if the Jones-Dole 
model is chosen for the propanol-water-NaCl system discussed 
before, the Jones-Dole parameters A and B are needed for the 
electrolyte NaCl in this mixed-solvent system. Quite often, the 
coefficients A and B are expressed by some other correlation. In 


that case, the corresponding parameters are needed. These 
parameters are usually determined by regressing with 
experimental viscosity data of binary/ternary systems. 

For calculation of the surface tension, if the Onsager- 
Samaras law is applicable, model parameters will be needed for 
the appropriate model for calculating 0, of the pure 
solvent/solvent mixture. Equation (13.22) is written for a single 
solute, and for a multicomponent system, an appropriate 
mixing law can be used. The dielectric constant of the solvent 
mixture should be calculated with an appropriate law. The 
correlation for the dielectric constant can have parameters for 
its temperature dependency. These parameters can be found 
from experimental data of the solvent mixture and its dielectric 
properties. 

For thermal conductivity, an appropriate model is selected 
based on the concentration and the particular system being 
modeled. If the Riedel correlation is used, the Riedel coefficient 
a; should be known at least for the major species in the solution. 
These coefficients can be found by regressing with experimental 
thermal conductivity data. 


For calculating diffusivity, an appropriate model should be 
chosen considering the concentration of the electrolyte system 
and the number of solvents as mentioned before. If the Nernst- 
Hartley model is used, parameter a is needed. Usually, the 
parameters for diffusivity models are regressed with tracer 
diffusion data. 


Step 4: Set up the distillation column simulation. 
The appropriate distillation column block is inserted in the 
simulator, the number of trays is specified (which can be 
optimized later), the feed(s) is connected, and the feed 
composition(s) is provided. The feed location(s) is specified, 
and other column specifications such as pressure, existence of 
reboiler/condenser, and so forth, are provided. The decision 
about the appropriate operating pressure is included in the 
standard textbooks on distillation column design and will not be 
discussed here. However, the bubble point and dew point 
calculations required for this purpose can be performed easily 
in the process simulator. The feed location is evident for some 
applications. For example, while simulating an absorber, the 
solvent is fed on the top tray and the feed gas is fed on the 
bottom tray. In cases where the feed location is not clear, it can 
be optimized along with the number of trays by using tools 
readily available in many simulators (such as using the design 
mode for the shortcut column option). The number of feed trays 
should be decided considering both the capital and operating 
costs. For further information, see Chapter 14 on optimization. 
The stages on which the ionic reactions take place must be 
specified. Usually, for an electrolyte system, all the stages 
including the reboiler and condenser are considered. For very 
fast reactions using a rate-based distillation column, as would 


be the case for most ionic reactions, the reactions should be 
considered to take place in the liquid film as well. The holdup 
volume of the films is needed to find the reaction rate. For 
calculating the holdup volume, a correlation is used for a 
particular type of tray/packing and the tray/packing design 
details are needed. Many simulators ignore the holdup volume 
in the downcomers. A simple solution is to use an appropriate 
scaling factor. Again, if thermodynamic equilibrium is assumed, 
then the holdup is not important. 

For the film model, tray/packing design details are required 
for calculating mass transfer coefficients and heat transfer 
coefficients that are used in the mass, equilibrium, rate, and 
enthalpy equations. One issue is with the determination of the 
film thickness. For low flux, it can be shown that the film 
thickness is given by [47] 


T= 


p'o 


(13.41) 


where D and k, are average diffusivity and mass transfer 
coefficient, respectively. For calculating the total mass and heat 
transfer rates in the interface for use in the material (M) balance 
and energy (E) balance equations for the film region, it is 
necessary to estimate the interfacial area. For tray columns, the 
net interfacial area is [47] 


a= a’h; Ap (13.42) 


where a’ is the interfacial area per unit volume of froth, hfis the 
froth height, and Ay, is the bubbling area. For the packed 
columns, the net interfacial area is [47] 


a=a/hA, (13.43) 


where a is the interfacial area per unit volume, A, is the height 
of a section of packing, and A, is the cross-sectional area of the 
column. Appropriate correlations are used for determining a’ In 
the process simulators, various correlations are available that 
usually provide the value of the net interfacial area directly for a 
type of tray/packing. The profile of the calculated interface area 
can be available depending on the simulator of choice. 

For rate-based distillation, the system of equations is usually 
solved by Newton’s method, by homotopy continuation, or by a 
combination of both. If the default settings fail to converge, 
intervention may be required. With Newton’s method, the 
initial guess plays a strong role in aiding convergence. Process 
simulators have their own default techniques to generate initial 
guesses, but these techniques may fail, particularly for 
electrolyte systems. An estimate of one or more variables, such 
as pressure, temperature, or compositions, can help 
convergence. Usually, it is not a good idea to consider some 
strict design specifications during the first attempt to solve the 
system. Not only can such design specifications be infeasible 
due to the current column specification, but they can fail to be 


realized due to a poor initial guess. Temperature profiles of 
distillation columns for a number of electrolyte systems are 
usually available in the open literature and can be used as an 
initial estimate. Another approach is to solve an equilibrium- 
stage model first and then use the solution as the initial guess 
for the nonequilibrium model. The first objective is to get a 
converged model. Newton’s method requires the calculation of a 
Jacobian. The partial derivatives of thermodynamic properties 
are not only very difficult to obtain for the complicated 
thermodynamic models for electrolytes but are also 
computationally intensive. More information about the 
calculation of Jacobians and other related issues can be found 
in Chapter 16, Section 16.3. Even though the discussion in 
Section 16.3 concentrates on the solution of the entire flowsheet 
and in this section the focus is on the solution of a distillation 
column model for electrolyte systems, many of the issues are 
similar if Newton’s method or a quasi-Newton method is used. 


13.8 SUMMARY 


In this chapter, the general components of a process simulator 
and the seven types of input required to simulate a process 
successfully were reviewed. Each of the seven required inputs 
was covered in detail: selection of chemical components, 
selection of thermodynamic models, selection of process 
topology, selection of feed stream properties, selection of 
equipment parameters, selection of output options, and 
selection of convergence criteria. 

Special attention was paid to the role of recycle streams in 
obtaining converged solutions, and methods to help 
convergence were discussed. The selection of thermodynamic 
models and their importance were discussed in depth. A case 
study for the toluene hydrodealkylation process given in 
Chapter 1 was given and the required data to complete a process 
simulation were presented. 


Fundamental concepts on electrolyte systems modeling were 
presented, along with a discussion of the available 
thermodynamic and transport models in the current process 
simulators. Further details on the calculation of the Gibbs free 
energy/activity coefficient were provided in Appendix 13.1. An 
example was provided to show the steps involved in developing 
a model of a multicomponent distillation column involving 
electrolytes. Further discussion of the steps was provided in 
Appendix 13.2. In Section 13.7, the essentials of solids modeling 
were discussed. A short discussion on the parameter 
requirements for solids modeling was provided followed by an 
example. Overall, this chapter has laid the foundation for 
developing steady-state simulation using commercial process 
simulators. 


WHAT YOU SHOULD HAVE LEARNED 


e The typical order for developing a process simulation is as follows: 
e Select a system of units (such as SI). 
e Choose the components. 
e Choose a thermodynamics package. 
e This must be done carefully. 


e A thermodynamics package cannot be chosen just because it gives 
the desired results or simplifies the simulation. 


e The best package is the one that is confirmed experimentally. 
e Construct the process by connecting unit operations. 
e Input the feed stream parameters. 
e Input the unit operation specifications. 
e Run the simulation. 


e For choosing appropriate thermodynamic and transport models for 
electrolyte systems, the key considerations are the type of system 
(aqueous versus nonaqueous), what solvents and solutes are present 
and at what concentration, and the operating temperature. 


© Quite often, the user has to provide the appropriate physical 
properties data for solids modeling in the commercial simulators. 


e Requirement of parameters for solids modeling largely depends upon 
the system that is being modeled. 
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SHORT ANSWER QUESTIONS 


1. In the activity-coefficient model of an electrolyte system, 
how is the effect of the long-range forces included? 


2. Even though the ions do not directly participate in the VLE 
of an electrolyte system, why does their presence affect the 
VLE of an electrolyte system? 


3. The reboiler temperature of an electrolyte process is known 
to be 150°C—200°C. One of the species present in this 
system is H S. How would you model the fugacity of H.S in 
the liquid phase? 


4. An electrolyte NRTL model is used for VLE calculation of a 
strong electrolyte system consisting of four species. How 
many binary interaction parameters are needed? What are 
they? 


5. You are developing an equilibrium-stage model of a 
distillation column with fixed pressure drop in an electrolyte 
system. Is the model for surface tension important? Explain. 


6. A model of biomass combustion in an industrial furnace is 
to be developed. Calculation of which thermodynamic 
property is the most important? 


PROBLEMS 


7. For the toluene HDA process, using the data given in Tables 
13.1 and 13.2, simulate the process and compare the results 
with those given in Chapter 1, Table 1.5. Remember that the 
number of actual plates is given in Table 1.7, and an 
efficiency of 0.6 was assumed. 


8. For the DME flowsheet given in Appendix B, Figure B.1.1, 
list the minimum input information required to obtain mass 
and energy balances for this process. Using the process 
simulator available to you, simulate the DME process and 
compare your results to those given in Table B.1.1. 


9. For the isopropyl alcohol to acetone process flowsheet given 
in Appendix B, Figure B.10.1, list the minimum input 
information required to obtain mass and energy balances for 
this process. Using the process simulator available to you, 
simulate the isopropyl alcohol to acetone process, and 
compare your results to those given in Table B.10.1. 


10. Using the results from Problem 13.7 and Tables 1.5 and 1.7, 
compare the results for the simulation of the benzene 
recovery column, T-101, using a shortcut method anda 
rigorous method. One way to do this comparison is to use 


the number of theoretical plates from the shortcut method 
as an input to the rigorous method. The rigorous method is 
used to simulate the same separation as the shortcut 
method, that is, the same overhead purity and recovery. The 
difference in the methods is then reflected by the difference 
between the reflux required for both methods. Comment on 
the difference for this nearly ideal system. Remember that 
there is no need to simulate the whole flowsheet for this 
problem; just use the input to the column from Table 1.5. 


11. In Problem 13.7, you should have simulated the reactor as a 
stoichiometric reactor with 75% per pass conversion. In 
order to estimate the volume of the reactor, it is necessary to 
have kinetics expressions. For the catalytic 
hydrodealkylation of toluene, assume that the reaction is 
kinetically controlled with the following kinetics: 


kmol 
3 


reactor® 


= 0.5 
—Ttol = keto Chyd 


where 
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k = 2.833 x 10%e 7) ——__ 
kmol?5 9 


With these kinetics, simulate the reactor in Figure 1.5 as a 
two-stage packed-bed adiabatic reactor with a “cold shot” 
(Stream 7) injected at the inlet to the second bed. The 
maximum temperature in the reactor should not exceed 
655°C, and this will occur at the exit of both beds; that is, 
design the system for this maximum outlet temperature for 
both packed beds. Compare your results with the total 
volume of the catalyst given in Table 1.7. 


12. As noted in Section 13.5, the results provided for the toluene 
hydrodealkylation process are based on the SRK model for 
both enthalpy and phase equilibria. Determine the BIPs for 
this model used by the simulator available to you. If you 
have access to more than one simulator, compare the BIPs 
from each. Simulate the benzene column (T-101) using the 
shortcut simulation module and the specifications given in 
Table 13.2 and the conditions of feed stream (10) given in 
Example 13.2. Rerun the simulation with all the BIPs set to 
zero. Compare the results. 


13. Determine what thermodynamic models were used for each 
of the processes in Appendix B. Explain why each was 
chosen, and give at least one other thermodynamic model 
that is reasonable and should be tried for each process. 


14. For the system DME/methanol/water, determine the BIPs 
used in the simulator available to you for each of these 
thermodynamic models: NRTL, Wilson, and UNIQUAC. 
Simulate T-202 using a shortcut module for each of these 
models, and compare the number of theoretical stages 
required for the specified recoveries and R/Rmin = 1.5. 


15. 


16. 


17. 


18. 


19. 


20. 


2 


a 


22. 


23. 


24. 


Find VLE data in the literature for the system 
methanol/water. Regress these data to determine the BIPs 
for the UNIQUAC model. Compare the results of these with 
the results obtained using the BIPs available in the simulator 
databank and with the results obtained using the UNIFAC 
model. 


Using the Henry’s Law model in the simulator available to 
you, determine the concentration of oxygen (ppm by mass) 
in water at 25°C and at 35°C if the water is in equilibrium 
with air. Compare the results obtained to those calculated 
using the PR model with the BIPs available in the simulator 
databank. 


Using the help facility of the simulator available to you, 
determine how the simulator handles VLE calculations with 
supercritical components when an activity-coefficient model 
is specified. (Note that PŽ in Equation 13.1 is undefined for 
these components.) 


For the ethylbenzene flowsheet given in Appendix B, Figure 
B.2.1, list the minimum input information required to obtain 
mass and energy balances for this process. Using the process 
simulator available to you, simulate the ethylbenzene 
process and compare your results to those given in Table 
B.2.1. 


For the styrene flowsheet given in Appendix B, Figure B.3.1, 
list the minimum input information required to obtain mass 
and energy balances for this process. Using the process 
simulator available to you, simulate the styrene process and 
compare your results to those given in Table B.3.1. 


For the maleic anhydride flowsheet given in Appendix B, 
Figure B.5.1, list the minimum input information required to 
obtain mass and energy balances for this process. Using the 
process simulator available to you, simulate the maleic 
anhydride process and compare your results to those given 
in Table B.5.1. 


. For the ethylene oxide flowsheet given in Appendix B, Figure 


B.6.1, list the minimum input information required to obtain 
mass and energy balances for this process. Using the process 
simulator available to you, simulate the ethylene oxide 
process and compare your results to those given in Table 
B.6.1. 


For the formalin flowsheet given in Appendix B, Figure 
B.7.1, list the minimum input information required to obtain 
mass and energy balances for this process. Using the process 
simulator available to you, simulate the formalin process 
and compare your results to those given in Table B.7.1. 


Investigate the batch aspects of the simulator available to 
you. Remember that these could include reactor, separation, 
and scheduling modules as well as others. 


Determine which thermodynamic models were used for 


each of the processes in Appendix B. Explain why each was 
chosen, and give at least one other thermodynamic model 
that is reasonable and should be tried for each process. 


25. Using the Henry’s Law model in the simulator available to 
you, determine the concentration of oxygen (ppm by mass) 
in water at 10°C and 27°C if the water is in equilibrium with 
air. Compare the results obtained to those calculated using 
the SRK model with the BIPs available in the simulator 
databank. 


26. As noted in Section 13.5, the results provided for the toluene 
hydrodealkylation process are based on the SRK model for 
both enthalpy and phase equilibria. Simulate the benzene 
column (T-101) with the PR model instead, using the 
shortcut simulation module and the specifications given in 
Table 13.2 and the conditions of feed stream (10) given in 
Example 13.2. Determine the BIPs for the PR model used by 
the simulator. Rerun the simulation with all the BIPs set to 
zero. Compare the results. 


27. Figure P13.27 is the absorber in an acid-gas removal (AGR) 
plant. 


Solvent Sweet Gas 


Acid Gas Rich Solvent 


Figure P13.27 Schematic of the Absorber of an AGR Plant 
Using MDEA as the Solvent 


The solvent, Stream 2, in this plant is a chemical solvent, 
methyl diethanolamine (MDEA). It is fed to the top of the 
column. The acid gas, Stream 1, is fed to the bottom of the 
column. The conditions of Streams 1 and 2 are given in Table 
P13.27. The column has 20 theoretical stages. Simulate an 
equilibrium-stage model of this column considering the 
important ionic reactions and a suitable thermodynamic 
model for this electrolyte system. The column top pressure is 
1.6 atm. Consider the following reactions [59, 60]: 


Table P13.27 Feed Stream Data for Problem 
13.27 


| Stream 1 Stream 2 


| Temperature (°C) 38.0 38.0 


28. 


Pressure (atm) 1.8 1.6 


Total Flow (kmol/h) 47.33 61.19 


Composition (mol%) 


| HO 4.2 84.7 

| COs 10.5 0.022 

| HS 1.7 6.0x10° 
| CH, 2.5 — 

| Ne 49.5 — 

| O2 0.1 = 

| CO 18.9 — 

| Hə 12.6 a 

MDEA = 15.3 


R'R”R”N + CO: + H0 = R'R”R”NH+* + HCO; 
CO: + 0H- = HCO; 

H0 = H* + OH 

Ht + C0} = HCO; 

H:S = Ht + HS- 

HS- =H! +s% 


What are the compositions and temperatures of Stream 3 
and Stream 4? 


Consider the same problem as Problem 13.27, but now 
develop a nonequilibrium-stage model with 20 theoretical 
stages. The first two reactions shown in Problem 13.27, even 
though reversible, are kinetically limited, while the rest of 


the reactions can be considered to be fast and at equilibrium. 


Consider using single-pass valve trays with the appropriate 
diameter (which can be calculated by the process simulator 
—assume 80% of flooding) and 152 valves/m* of active area. 
Consider a tray spacing of 0.6096 m and a weir height of 
46.55 mm. Fix the top pressure at 1.6 atm and calculate the 
pressure drop through the entire column. Depending on the 
process simulator available to you, consider appropriate 
transport models and account for the mass transfer 
resistance in both the liquid and vapor films. Since the 
related ionic reactions are very fast, consider that the ionic 
reactions also take place in the liquid film. Compare the 
results for Streams 3 and 4 with the results from Problem 


13.27. 

29. Consider Problem 13.28. The solvent MDEA becomes rich in 
acid gases. To recycle this solvent, it is first heated to 90°C in 
exchanger E-2001 and then sent to the top stage of the 
stripper T-2002 as shown in Figure P13.29. Develop a 
nonequilibrium-stage model of the stripper with 20 
theoretical stages, a partial-vapor condenser, and a kettle- 
type reboiler. Reflux ratio (mole basis) = 0.7 and 
bottoms/feed ratio (mole basis) = 0.97. The pressure in the 
condenser is 1.4 atm, and the pressure drop through the 
entire column should be calculated. Consider the ionic 
reactions in all the stages, including the condenser and 
reboiler. It can be assumed that all ionic reactions reach 
equilibrium in the condenser and reboiler because of the 
longer residence times. Assume that the tray hardware is 
similar to the absorber. The mass transfer and the ionic 
reactions in the liquid and vapor films can be modeled 
similarly to Problem 13.28. For this problem determine the 
following: 


Solvent Sweet Gas Stripper Off-Gas 


Acid Gas Rich Solvent Lean Solvent 


Figure P13.29 Schematic of the Absorber and Stripper of an 
AGR Plant Using MDEA as the Solvent 


1. What are the duties of the stripper and reboiler? 
2. What are the compositions of Streams 6 and 7? 


3. What operating condition(s) of the stripper would you change if you 
wanted to increase the purity of Stream 7? 


30. Develop a model of a coal combustor fed with Illinois No. 6 
coal, a bituminous coal, at 2 atm pressure. The atmospheric 
air for combustion is available at a temperature of 150°C. 
The flow of combustion air is 10% more than the 
stoichiometric requirement. The coal is also available at 
150°C. The composition for Illinois No. 6 coal is 


Proximate Analysis (wt%) 


Moisture 11.12 
Ash 9.70 
Volatile Matter 34.99 


Fixed Carbon 44.19 


Ultimate Analysis (wt%) 


Moisture 11.12 
Carbon 63.75 
Hydrogen 4.50 
Nitrogen 1.25 
Chlorine 0.29 
Sulfur 2.51 
Ash 9.70 
Oxygen 6.88 


The combustor is adiabatic. Assume the carbon conversion 
to be 100%. The high heating value (HHV) of the coal is 
reported to be 27,113 kJ/kg. Compare the heating value 
estimated by the process simulator with this reported value. 
As mentioned before, most of the models for heterogeneous 
solids are empirical. Modify the parameters of the enthalpy 
model to match the reported heating value. What is the 
composition at the outlet of the combustor? 


31. A biomass stream, Stream 1 in Figure P13.31, is being dried 
in a direct dryer, V-2001, by a stream of hot Nz. Develop a 
model for this dryer. The composition of Stream 1 (wt%) is 


Moist N3 
Biomass 
P=2bar 
T=60°C 
N2 
P =2 bar 
T=250°C 
Dry Biomass 
Figure P13.31 Flowsheet of a Biomass Dryer 
Cellulose 55.0 
Hemicellulose 15.0 
Lignin 12.5 
Moisture 15.0 
Ash 2.5 


The ash can be considered to be pure calcium oxide (CaO). 


The flowrate of biomass is 500 kg/min. Assume adiabatic 
operation in V-2001 with a pressure drop of 0.1 bar. What 
models would be appropriate for the solids density and 
enthalpy calculations? If the model parameters are not 
available for the biomass components in the simulator of 
your choice, use values from the open literature. The desired 
moisture content of Stream 4 is 1% (wt). As many 
commercial process simulators do not have the capability to 
model the SVE for such processes, assume that the desired 
moisture content is achieved at 110°C. What is the required 
flowrate of N,? 


32. Wood pellets, Stream 1 in Figure P13.32, are first dried by 
indirect heating with the flue gas and then combusted. 
Model this system using a heat exchanger, E-2001, followed 
by a flash separator, V-2001. The dried wood pellets are 
combusted in an adiabatic combustor, R-2001, where 
combustion air is supplied in 15% excess of the 
stoichiometric requirement. The hot flue gas is used for 
raising steam in a boiler. The boiler can be simply modeled 
as a heat exchanger where the flue gas is cooled to 300°C. 
The flue gas then exchanges heat in E-2001 before being 
vented through the stack. For simplicity consider the 
pressure drop through each piece of equipment to be 0.1 bar. 
The composition of wood pellets is 


Moisture for Heat Recovery 


Flue Gas to Stack 


= 2 be Tout = 300°C 
R-2001 
Adiabatic 


Wet Wood Pellets 
= 2 bar 
T=50°C 


Figure P13.32 Simple Flowsheet of a Wood Combustion 
System 


Proximate Analysis (wt%) 


Moisture 8.80 
Ash 2.40 
Volatile Matter 73.00 
Fixed Carbon 15.80 
Ultimate Analysis (wt%) 
Moisture 8.80 
Carbon 47.00 
Hydrogen 5.00 


Nitrogen 0.49 


Sulfur 0.08 
Ash 2.40 


Oxygen 36.23 


The HHV of the wood pellets is 18,969 kJ/kg. Feel free to 
include additional blocks in the process simulator that you 
need to use to model the combustor operations 
appropriately. Assume the conversion of carbon to be 100%. 
As many commercial process simulators do not have the 
capability to model the SVE for such processes, assume that 
90% of the moisture in the feed is separated in the dryer 
(i.e., leaves in Stream 3). 


. What are the temperatures of Streams 2, 4, and 7? 
. What is the composition of Stream 7? 


. Perform an overall energy analysis of this system and compare with the 


reported HHV. Modify the parameters of the enthalpy model to match the 
HHV. 


Chapter 14: Process Optimization 


WHAT YOU WILL LEARN 
Optimization is not an obscure, esoteric concept. 
The terms objective function and decision variable will be defined. 


The concepts of topological and parametric optimization will be defined 
and the procedures for using them will be covered. 


The approach for single-variable, two-variable, and multivariable 
optimization will be covered. 


The approach to optimizing batch processes will be covered. 


Optimization is the process of improving an existing 
situation, device, or system such as a chemical process. This 
chapter presents techniques and strategies to 


e Set up an optimization problem 

e Quantify the value of a potential improvement 

e Identify quickly the potential for improvement 

e Identify the constraints, barriers, and bottlenecks to improvement 
e Choose an appropriate procedure to find the best change 


e Evaluate the result of the optimization 


This chapter will start with some basic definitions of terms and 
then investigate several techniques and strategies to perform 
the optimization of a process. 


14.1 BACKGROUND INFORMATION ON 
OPTIMIZATION 


In optimization, various terms are used to simplify discussions 
and explanations. These are defined below. 

Decision variables are those independent variables that 
can be specified. The number of decision variables depends on 
the degrees of freedom of a process. These can be continuous 
variables, such as temperature, or discrete (integer) variables, 
such as number of stages in a column. Decision variables are 
also called design variables. 

An objective function is a mathematical function that, for 
the best values of the decision variables, reaches a minimum (or 
a maximum). Thus, the objective function is the measure of 
value or goodness for the optimization problem. The specific 
objective function depends on the user. Typical objective 
functions are some sort of profit or cost functions. If it is a 
profit, the maximum is sought. If it is a cost, the minimum is 
sought. There may be more than one objective function for a 
given optimization problem. If there is more than one objective 


function, the problem is known as multiobjective optimization 
problem. 


Constraints are limitations on the values of decision 
variables. These may be linear or nonlinear, and they may 
involve more than one decision variable. When a constraint is 
written as an equality involving two or more decision variables, 
it is called an equality constraint. For example, a reaction 
may require a specific oxygen concentration in the combined 
feed to the reactor. The mole balance on the oxygen in the 
reactor feed is an equality constraint. When a constraint is 
written as an inequality involving one or more decision 
variables, it is called an inequality constraint. For example, 
the catalyst may operate effectively only below 400°C, or below 
20 MPa. An equality constraint effectively reduces the 
dimensionality (the number of truly independent decision 
variables) of the optimization problem. Inequality constraints 
reduce (and often bound) the search space of the decision 
variables. 


A global optimum is a point at which the objective 
function is the best for all allowable values of the decision 
variables. There is no better acceptable solution. A local 
optimum is a point from which no small, allowable change in 
decision variables in any direction will improve the objective 
function. 


Certain classes of optimization problems are given names. If 
the objective function is linear in all decision variables and all 
constraints are linear, the optimization method is called linear 
programming. Linear programming problems are inherently 
easier than other problems and are generally solved with 
specialized algorithms. All other optimization problems are 
called nonlinear programming. If the objective function is 
second order in the decision variables and the constraints are 
linear, the nonlinear optimization method is called quadratic 
programming. For optimization problems involving both 
discrete and continuous decision variables, the adjective 
mixed-integer is used. Although these designations are used 
in the optimization literature, this chapter mainly deals with the 
general class of problems known as MINLP, mixed-integer 
nonlinear programming. 

The use of linear and quadratic programming is limited to a 
relatively small class of problems. Some examples in which 
these methods are used include the optimal blending of gasoline 
and diesel products, the optimal use of manufacturing 
machinery, and various scheduling problems. Unfortunately, 
many of the constraints in chemical processes are not linear, 
and the variables are often a mixture of continuous and integer. 
A simple example of a chemical engineering problem is the 
evaluation of the optimal heat exchanger to use in order to heat 
a stream from 30°C to 160°C. This simple problem includes 
continuous variables, such as the area of the heat exchanger and 
the temperature of the process stream, and integer variables, 


such as whether to use low-, medium-, or high-pressure steam 
as the heating medium. Moreover, there are constraints such as 
the materials of construction that depend, nonlinearly, on 
factors such as the pressure, temperature, and composition of 
the process and utility streams. Clearly, most chemical process 
problems are quite involved, and care must be taken to consider 
all the constraints when evaluating them. 


14.1.1 Common Misconceptions 


A common misconception is that optimization is a 
complex, esoteric, mathematical exercise. In fact, 


optimization is usually a dynamic, creative activity 
involving brainstorming, exploring alternatives, and 
asking, “What if ...?” 


Although some problems are simple enough to be posed in 
closed form and to be solved analytically, most real problems 
are more interesting. 

For example, Figure 14.1(a) shows a classical curve of 
annualized pumping cost versus pipe diameter. The annualized 
pumping cost includes annualized equipment (pump plus pipe) 
cost and power (operating) cost. These two components of cost 
have been calculated based on smooth cost functions and are 
shown as separate curves on Figure 14.1(a). The combined curve 
represents the total annualized cost. Using these results, the 
pipe diameter at which the slope of the combined cost curve is 
zero and the second derivative is positive can be determined 
analytically. It is important to note that, even with all the 
assumptions used in this analysis, the minimum annualized 
cost does not occur at the pipe diameter where the two 
component curves cross. 


Total Annualized Cost 


\ 


Annualized Capital 
Investment 


Annualized Cost 


__— Operating Costs 


Pipe Diameter 


(a) 


Annualized Cost 


Www 


Standard Pipe Sizes 


Pipe Diameter 
(b) 


Figure 14.1 Optimization Using Continuous and Discrete 
Functions of Pipe Diameter 


The point of intersection of the curves of 


annual operating cost and of annualized capital 
cost is not the optimum. 


In reality, the cost function (if it were to be calculated) would 
look something like Figure 14.1(b), because only certain pipe 
diameters and pump sizes are standard equipment. Other sizes 
could be produced, but only at much higher costs. Thus, only a 
few cost evaluations are needed—those at the standard pipe 
sizes. 


Another common misconception is that the optimum will 
usually be found at a point where the first derivatives of the cost 
function are zero. Even when the cost function is continuous 
and smooth, this is seldom the case and should never be 
assumed. Nearly all problems of any reasonable complexity 
have optima along at least one constraint. Figure 14.2 shows 
such a case. Again, both annualized capital costs and operating 
costs are included. Although there is a point of zero slope (point 
“A”), the best design (minimum annual cost) shown is at point 
“BR” 


Annualized Cost 


"B" 
Independent Variable, x 
Minimum Maximum 
Allowable Allowable 
x x 


Figure 14.2 Location of the Optimum Value of a Variable 


It must not be assumed that the best solution has been 
found when it merely has been bracketed. Such an assumption 
not only leads to a false conclusion but also ignores useful 
information for estimating the true optimum solution. For 
example, Figure 14.3(a) shows three points that have been 
calculated for the optimization of the temperature of a flash 
unit. If the objective function is continuous and smooth, and if 
there is indeed only one minimum, then the optimum lies 
between points “A” and “C.” However, there is no reason to 
believe that point “B” is the optimum, and there are insufficient 
data to determine whether the optimum lies to the left or to the 
right of point “B.” However, by approximating the objective 
function simply by a quadratic, for the three points bracketing 
the optimum, the optimum can be estimated, as shown on the 
left-hand side of Figure 14.3(b). However, the true curve may 
look like the right-hand side of Figure 14.3(b). To be certain that 
the optimum has been located correctly, more points should be 
evaluated between “A” and “C,” using successive quadratic 
approximations based on the best point achieved plus the 
closest point on either side of it. 
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Figure 14.3 Different Locations of Optimum Using Identical 
Data 


14.1.2 Estimating Problem Difficulty 


A key step in any problem-solving strategy is to estimate the 
effort required to reach the solution. Not only can this estimate 
provide motivation, but it can also help to redirect resources if 
the effort (time, money, personnel) required for a “complete” 
solution is more than the effort available. The first step is to 
decide whether the problem at hand is an “easy” problem or a 
“difficult” problem. Table 14.1 lists some characteristics of 
inherently easy and inherently difficult problems. 


Table 14.1 Characteristics of Easy and Difficult 
Optimization Problems 


for each decision variables 


Easy Problems Difficult Problems 

Few decision Many decision variables 

variables 

Independent Correlated decision variables 

(uncorrelated) 

decision variables 

Discrete decision Mixed discrete and continuous decision 

variables variables 

Topological Parametric optimization first 

optimization first 
| Single process units Multiple, interrelated process units | 
Separate constraints Constraints involving several decision 


variable 


Constraints are Constraints are not obvious or become 

obvious obvious only after the optimization has 
begun 

Single objective Multiple objectives 


easy to quantify 


Linear objective Highly nonlinear objective function 
function 

Smooth objective Kinked objective function 

function 


Objective function Objective function difficult to quantify 


No local optima Many deep, local optima 


For a typical flowsheet, such as the DME (dimethy] ether) 
process flow diagram (PFD) in Figure B.1.1 (Appendix B), there 
are many decision variables. The temperature and pressure of 
each unit can be varied. The size of each piece of equipment 
involves decision variables (usually several per unit). The reflux 
in tower T-201 and the purity of the distillate from T-202 are 
decision variables. There are many more. Clearly, the 
simultaneous optimization of all of these decision variables is a 
difficult problem. However, some subproblems are relatively 
easy. If Stream 4 (the exit from the methanol preheater) must 
be at 154°C, for example, the choice of which heat source to use 
(Ips, mps, or hps) is easy. There is only a single decision 
variable, there are only three discrete choices, and the choice 
has no direct impact on the rest of the process. The problem 
becomes more difficult if the temperature of Stream 4 is not 
constrained. 


14.1.3 Top-Down and Bottom-Up Strategies 


For any real process of any complexity, the true “global” 
optimum (at which any change in any decision variable would 
degrade the system) can be difficult to find. If it could be found 
with an acceptable level of effort, optimization could be focused 
on minute changes in decision variables. Rather than become 
bogged down in such details, experts at optimization tend to 
look alternately at the big picture and at the details. The 
overview encourages bold changes in process configuration or 
variable values, but the closer study is needed to confirm 
whether the changes are true improvements. 

The strategy of looking at the big picture first, followed by 
the detailed study, is called top-down. Looking at the DME 
flowsheet, such a strategy might lead to questioning the need for 
E-201 (Methanol Preheater) and E-203 (DME Cooler). A 
detailed study of the flowsheet would confirm whether these 


two units should be eliminated in favor of a larger E-202 
(Reactor Cooler). On the other hand, a detailed study of 
incremental changes in the heat duties of these two heat 
exchangers would have led to the same solution. Such a strategy 
is called bottom-up. Before investing too much time in 
detailed calculations, the big picture should be examined. When 
the big picture is not clear or leads to conflicting alternatives, 
detailed calculations should be run. The key is flexibility. 

Details of the top-down and bottom-up approaches are 
covered in Sections 14.3 and 14.4 under topological and 
parametric optimization. 


14.1.4 Communication of Optimization Results 


As will be discussed in Chapter 29, the best strategy for 
obtaining results is not the best strategy for presenting those 
results to others. Although the goal of optimization is to find the 
best solution (and the sensitivity of that solution, as explained 
in Section 14.6) efficiently, the goal of the presentation is to 
convince the audience clearly that the solution is the best. Thus, 
the ranges of decision variables that were searched must be 
explained, that the solution is (most likely) not merely a local 
minimum must be shown, and the degradation in the objective 
function from moving away from the solution must be shown. 
For example, as discussed in Section 14.4, it is more efficient to 
change more than one decision variable at a time when 
searching for the optimum; however, it is better to 
communicate the validity of the optimum by using families of 
curves in which any single curve involves the variation of only 
one decision variable (see Figure 14.6). 


14.2 STRATEGIES 


In this section, the DME process from Appendix B is used as an 
example. Stream and unit numbers refer to those in Figure 
B.1.1. The costs for all the DME examples in this chapter are 
taken from 1996. Although these costs have changed, the 
approach to solving the problems will be the same. 


14.2.1 Base Case 


A base case is the starting point for optimization. It may be a 
very simple conceptual flowsheet, it may be a detailed design, or 
it may be an actual plant whose operation one wishes to 
improve. 


Because the goal of optimization is to improve the 


process, it is essential that the starting point is a 
defined process, that is, a base case. 


The choice of a base case is straightforward: the best available 
case is chosen. For example, if it has already been determined 
(through prior analysis) that heat integration greatly improves 
the process, the base case should include the heat integration. 


The level of detail of the base case is also a crucial decision. At a 
minimum, the analysis must be detailed enough to provide the 
calculation of the objective function. If the objective function 
includes both capital costs and operating costs, the base-case 
analysis must include sizing and costing of equipment, as well 
as the material and energy balances and utility costs. The 
analysis must be detailed enough to show the effect of all 
important decision variables on the objective function. In the 
DME example, because the temperature of R-201 affects unit E- 
202, the base-case analysis must include this effect. 


Although the ability to calculate the objective function and 
how it changes with variations in all decision variables is 
essential, the base case certainly need not be a completed 
design. For example, details of T-201 such as tray spacing, weir 
height, and so on are not important at this point in the problem, 
and a shortcut rather than a rigorous tower simulation will 
suffice. 

However, it is essential to include enough detail in the base 
case. Capital costs for individual major pieces of equipment are 
needed, as are utility costs broken down by type and unit. 
Creating a calculational model that lumps all costs together 
(even if correctly annualized by the methods shown in Chapter 
10) is not very helpful, because specific modifications to the 
flowsheet are masked. For example, a lumped EAOC (equivalent 
annual operating cost) would not show whether the cost for the 
reactor, R-201, was relatively small (leading to a conclusion to 
increase its size) or the steam costs for E-201 were especially 
high (leading to a search for an alternative heat source). Table 
14.2 provides a list of useful information that should be 
available for the base case. If the optimization problem is for an 
existing plant, the original capital cost is not relevant. However, 
methods for the estimation of capital costs for new equipment 
should be available, as should some estimate of the value that 
any removed equipment has when used in other parts of the 
total plant. 


Table 14.2 Data Required for Base Case (in Addition 


to PFD and Flow Tables) 

Capital Operating Material 
Installed cost, each piece of Utility flowrates Total cost for 
equipment (each type) each raw 

material 
Installed cost, each Utility targets Value of 
category (Section 15.2) purged or 

wasted 

material 
Estimated credit for Utility costs on Total product 
equipment used elsewhere $/GJ basis value 
in plant (for existing Estimated Estimated 
processes) uncertainties uncertainties 


Estimated uncertainties Other operating 
costs 


The scope of the base case (and therefore of the 
optimization) must be chosen. Usually, the battery limits for the 
analysis are defined by functional groupings, company 
organization, location of large surge or storage facilities, or 
convenience. However, if the scope is too small, important 
effects will be missed. For example, if the scope of optimization 
is R-201, the effect of reactor product composition on tower T- 
201 is missed. On the other hand, if the scope is too broad, the 
interactions between process units can be overwhelming. For 
example, the effect on the internal cost of medium-pressure 
steam of changes in steam usage could be included. Such an 
expansion of scope clearly would not be warranted. Typically, 
column reflux ratio can be optimized separately, but reactor 
conditions (T, P, conversion), recycle rates, and separator 
recoveries should be optimized together. 


14.2.2 Objective Functions 


The optimization can begin only after the objective function is 
selected. It must be chosen so that the extreme maximum (or 
minimum) is the most desired condition. For example, 
minimizing the EAOC is typically considered (rather than the 
installed capital cost) or maximizing net profit (rather than 
gross Sales). If the objective function is poorly chosen or 
imprecise, the solution will be worthless. 

The most common objective functions have units of dollars. 
The recurring costs can be discounted to obtain a net present 
value (NPV), or the capital costs can be annualized to obtain an 
EAOC, as discussed in Chapter 10. Usually, this value is for the 
process unit. However, if a smaller scope is defined for part of 
the optimization (e.g., T-201 reflux), then the EAOC or NPV 
used should not include capital and recurring cost contributions 
that do not change significantly over the ranges of the varied 
decision variables. For example, optimization of the reflux for 
T-201 does not significantly affect the costs for the rest of the 
flowsheet (other than the ancillary units E-204, E-205, V-201, 
and P-202). Thus, the raw material costs, reactor costs, and 
other capital and utility costs should not be included. If they 
were included, the total variation in the objective function 
might be in the fourth or fifth digit. The total EAOC or NPV is 
not accurate to this level, but the changes caused by the tower 
optimization are. 

This focus on the changes to the costs (or savings) rather 
than on the total costs is called incremental analysis. 
Modification of the design or operation of the plant continues as 
long as the improvement gained (the return) for an 
incremental investment is greater than the benchmark (or 
hurdle) rate. In Chapter 10, the details of this form of 


investment analysis are covered. In optimization, the 
implementation of incremental analysis requires careful choice 
of the objective function, as described above. 

Some objective functions are not directly based on 
economics. For example, it may be necessary to maximize the 
production of DME from an existing plant or to minimize the 
contaminant concentration in the wastewater stream. However, 
the objective function should be quantitative. Furthermore, a 
rational basis for any objective function (monetary or 
nonmonetary) should be developed. For example, if the goal is 
to maximize profit (rather than revenues), then maximizing the 
production of DME may not be desirable. Similarly, if the goal is 
to cause the least harm to the environment, then minimization 
of the contaminant concentration (rather than the total 
contaminant flowrate) may not be the best approach. 


14.2.3 Analysis of the Base Costs 


The first analysis of the base costs should be to determine 
targets of an idealized process. The value for the objective 
function should be determined based on the assumption of 
equilibrium conversion, no equipment or utility costs, and 
perfect separations. The profit for such a case is called the 
gross profit margin, or simply the margin (see Chapter 10). 


Next, a form of Pareto [1] analysis should be used. This 
analysis is based on the observation that, for most problems, a 
large fraction of the objective function (e.g., 80%) is due to a 
small fraction of the contributing factors (e.g., 20%). For 
example, Table 14.3 shows the contribution to the EAOC for the 
different types of equipment and for the operating costs and raw 
materials for the DME process given in Appendix B. Only a few 
of these categories account for the bulk of the total cost. For this 
case, as with many chemical processes, the raw material costs 
swamp all other costs and are treated separately. In this case, 
the overriding goal is to convert as much of the raw materials 
into product as possible. From this standpoint, the waste of 
methanol is very low and the net savings that can be made from 
better use of the methanol amounts to only $30,300/y. The 
calculations for this analysis are covered in the next section. 
However, assuming that methanol is already being purchased 
from the least expensive source, the focus should not be on 
reducing the cost (flowrate) of raw materials, because this will 
not have a significant effect on reducing the cost of producing 
DME. The single largest operating cost is the medium-pressure 
steam. A greater improvement in the objective function can be 
made by lowering steam costs than can be obtained by lowering 
any other cost category. 


Table 14.3 Ranking of Contributions to the EAOC for 
DME Process 


Category Contribution to EAOC 
($/y) 


Raw materials 11,215,000 


Raw material (at 100% conversion) = 
$11,185,000 


Target savings = $30,300 


| | 
| Medium-pressure steam 695,000 | 
| Towers and vessels 210,000 | 
| Heat exchangers 170,000 | 
| Pumps (including electricity) 160,000 | 
| Reactor 70,000 | 
| Cooling water 31,000 | 
| Wastewater treatment 1000 | 
Total 12,552,000 


All figures are for 1996 prices. 


Basically, this first analysis of the base case provides a target 
for optimization and a road map to proceed to the solution. It 
should be noted that all cost figures for this chapter are based 
on 1996 prices from the first edition of this text. These numbers 
will change with time, but the basic approach to the products 
and main conclusions will remain the same. 


14.2.4 Identifying and Prioritizing Key Decision Variables 


Based on the Pareto ranking of effects on the objective function, 
the key decision variables are chosen. For the DME process, the 
methanol cost is high, but there are assumed to be no by- 
product reactions. The product DME is assumed to be at its 
purity specification. The only methanol loss is in the 
wastewater; thus, the purity of the bottoms product of T-202 
could be a decision variable. At present, approximately 0.27% of 
the methanol feed leaves in the wastewater. Thus, the target 
savings attainable can be calculated as $30,300/y. 

Medium-pressure steam is used in three units: E-201, E- 
204, and E-206. The first of these is used to vaporize the reactor 
feed at 154°C, which is lower than the temperature of low- 
pressure steam. Because low-pressure steam is less expensive 
than medium-pressure steam, changing this heat source should 
be considered. Similarly, the duty of E-204 (a tower reboiler) 
does not necessarily require medium-pressure steam. 

The base-case single-pass conversion is 80%. If this can be 
increased, the costs (capital plus operating) of all units in the 


recycle loop will be decreased. This includes all the equipment 
in the flowsheet except P-201 and E-208. The conversion is set 
by the reactor inlet temperature (T) and pressure (P;) and the 
volume of the reactor. The conversion may also be limited by 
equilibrium considerations. 

Thus, the single-pass conversion has been identified as an 
important dependent decision variable. With the techniques 
presented in Section 14.4, the optimum can be determined. The 
conversion is a secondary (decision) variable. There are an 
infinite number of temperature, pressure, and reactor-volume 
combinations for a given conversion. Prioritizing these three 
primary decision variables requires knowledge of the sensitivity 
of the objective function to changes in these variables. Although 
there are elegant mathematical techniques for estimating these 
sensitivities, the most efficient technique is often to evaluate the 
objective function at the limits of the variables. This is a 
standard experimental design technique (two-level factorial 
design) that is of great help in choosing key decision variables. 
If the cost changes little when the reactor pressure changes 
from its upper limit to its lower limit, then another variable 
(such as temperature) should be chosen. 

Another strategy to determine decision variables is to 
consider how the process is controlled. Any variable that must 
be controlled is a decision variable. There are alternative control 
strategies for equipment and for processes, but a well-designed 
control system reduces the degrees of freedom to zero without 
overconstraining the process. The controlled variable is a 
secondary decision variable; the variable manipulated by the 
final control element is the primary decision variable. 


Considering the DME process in Figure B.1.1, the flowrate of 
methanol is a decision variable, as are the temperature of 
Stream 4 (controlled by steam pressure in E-201), the 
temperature of Stream 8 (controlled by the cooling water rate to 
E-203), the pressure of the reactor (controlled by the valve 
between Streams 8 and 9), and so on. The two columns have 
their own control systems, which show that the reflux to the 
column and the heat input to the reboiler are decision variables. 
Note that simple (two-product) distillation columns have two 
decision variables (in addition to the column pressure), but 
many different combinations are possible. Because the number 
of decision variables is equal to the number of controlled 
variables, which is equal to the number of operational 
specifications, one can look at any process simulator setup for a 
column and see the myriad choices. 

The other type of decision variable is an equipment 
characteristic. The reactor volume and the number of stages are 
examples. Each specification that must be made before ordering 
a piece of equipment is a decision variable. Thus, the area of a 
heat exchanger and the aspect ratio of a packed-bed reactor are 
decision variables. 


Once the decision variables have been identified and 


prioritized, the techniques of topological optimization (Section 
14.3) and parametric optimization (Section 14.4) can be applied. 


14.3 TOPOLOGICAL OPTIMIZATION 


As previously discussed in Sections 14.1 and 14.2, there are 
essentially two types of optimization that a chemical engineer 
needs to consider. The first is termed topological optimization 
and deals with the topology or arrangement of process 
equipment. The second type is parametric optimization and is 
concerned with the operating variables, such as temperature, 
pressure, and concentration of streams, for a given piece of 
equipment or process. In this section, topological optimization 
is discussed. Parametric optimization is addressed in Section 
14.4. 


14.3.1 Introduction 


During the design of a new process unit or the upgrading of an 
existing unit, topological optimization should, in general, be 
considered first. The reasons for this are twofold. First, 
topological changes usually have a large impact on the overall 
profitability of the plant. Second, parametric optimization is 
easiest to interpret when the topology of the flowsheet is fixed. 
It should be noted that combinations of both types of 
optimization strategies may have to be employed 
simultaneously, but the major topological changes are still best 
handled early on in the optimization process. 


The questions that a process engineer needs to answer when 
considering the topology of a process include the following: 


1. Can unwanted by-products be eliminated? 

2. Can equipment be eliminated or rearranged? 

3. Can alternative separation methods or reactor configurations be 
employed? 


4. To what extent can heat integration be improved? 


The ordering of these questions corresponds approximately 
to the order in which they should be addressed when 
considering a new process. In this section, these questions are 
answered and examples of processes are given in which such 
topological rearrangements may be beneficial. 


14.3.2 Elimination of Unwanted Nonhazardous By-Products or 
Hazardous Waste Streams 
This is clearly a very important issue and should be addressed 
early on in the design process. The benefit of obtaining 100% 
conversion of reactants with a 100% selectivity to the desired 
product should be clear. Although this goal is never reached in 
practice, it can be approached through suitable choices of 
reaction mechanisms, reactor operation, and catalyst. A 
chemical engineer may not be directly involved in the choice of 
reaction paths. However, it may be necessary to evaluate and 
optimize designs for using alternative reactions in order to 
evaluate the optimum scheme. 


In many cases, due to side reactions that are suppressed but 
not eliminated by suitable choices of catalyst and operating 
conditions, unwanted by-products or waste streams may be 
produced. The term unwanted by-product refers to a stream 
that cannot be sold for an overall profit. An example of such a 
by-product would be the production of a fuel stream. In this 
case, some partial economic credit is obtained from the by- 
product, but in virtually all cases, this represents an overall loss 
when compared with the price of the raw materials used to 
produce it. An example illustrating the cost of purifying a by- 
product for sale is given in Example 14.1. 


Example 14.1 


Consider the process given in Figure C.8 in Appendix C), 
for the production of cumene. In this process, benzene 
and propylene react in a gas-phase catalytic reaction to 
form cumene, and the cumene reacts further to form p- 
diisopropyl benzene (DIPB), a by-product sold for its fuel 
value. 

Cs He + Cs He —> Cy Hi2 


Cy Hi2 + C3 He —> C12 Hig 
p—diisopropyl benzene 
From the information given in Table C.14, estimate the 
yearly cost of producing this waste, Stream 14. Assume 
that the costs of benzene, propylene, and fuel credit are 
$1.196/kg, $1.334/kg, and $3.16/GJ, respectively. 

From Table C.14, the composition of the DIPB waste 
stream is 2.76 kmol/h DIPB and 0.92 kmol/h cumene. 
The standard heats of combustion for DIPB and cumene 
are given as 


Cumene — 5.00GJ/kmol 
DIPB — 6.82GJ/kmol 


Revenue for sale as fuel = [(2.76) (6.82) + (0.92) (5.00) ](8000) 
(3.16) = $592,000/y 
Cost of equivalent raw materials: 


Benzene = (2.76 + 0.92)(78)(8000)(1.196) = $2,746,000/y 
Propylene = (2.76(2) + 0.92)(42)(8000) (1.334) = $2,887,000/y 
Net cost of producing DIPB stream = (2,746 + 2,887 — 592) x 10° 
= $5,041,000/y 


From Example 14.1, it is clear that the production of DIPB is very costly and impacts negatively the overall profitability of the 
process. Improved separation of cumene would improve the economics, but even if all the cumene could be recovered, the DIPB 
would still cost an estimated $4,054,000/y to produce. A better option would be to find ways of minimizing or eliminating DIPB 
production. This is investigated further in Example 14.2. 

Example 14.2 

What process changes could be made to eliminate the production of the DIPB waste stream in Figure C.8 (on the CD)? 


There are several possible solutions to eliminate the DIPB stream: 

Reduce the per-pass conversion of propylene in the reactor. This has the effect of suppressing the DIPB reaction by reducing the 
cumene concentration in the reactor. 

Increase the ratio of benzene to propylene in the feed to the reactor. This reduces the propylene concentration in the reactor and 
hence tends to suppress the DIPB reaction. 

Obtain a new catalyst for which the DIPB reaction is not favored as much as with the current catalyst. 

Each of these remedies has an effect on the process as a whole, and all these effects must be taken into account in order to 
evaluate correctly the best (most profitable) process. Some of these effects will be discussed in the following sections. 
Alternatively, a hazardous waste stream may be produced. In such cases additional costly treatment steps (either on-site or off- 
site) would be required in order to render the material benign to the environment. The economic penalties for these treatment 
steps—incineration, neutralization, and so on—are often great and may severely impact the overall economic picture for the 
process. In addition to the economic penalties that the production of waste streams cause, there are political ramifications that 
may overshadow the economic considerations. For many companies, the production of hazardous wastes is no longer an 


acceptable process choice, and alternative reaction routes, which eliminate such waste streams, are aggressively pursued. 
14.3.3 Elimination and Rearrangement of Equipment 
Both the elimination and rearrangement of equipment can lead to significant improvements in the process economics. 


Algorithms for these topological changes are under development. However, the approach used here is one based on intuitive 
reasoning and illustrated by process examples. Both topics are considered separately below. The rearrangement of heat transfer 
equipment is considered as a separate topic in Chapter 15. 

Elimination of Equipment. It is assumed that the starting point for this discussion is a PFD in which all process equipment 
serves a valid function: that is, the process does not contain any redundant equipment that can be eliminated immediately. 

The elimination of a piece of equipment is often the result of a change in operating conditions and can thus be considered the 
end product of a series of parametric changes. In Example 14.3 the first alternative in Example 14.2 is considered. 

Example 14.3 

Evaluate the topological changes in the cumene PFD, Figure C.8, which can be made by reducing the per-pass conversion of 
propylene in the reactor. 

As the single-pass conversion of propylene (the limiting reactant) in the reactor is reduced, the DIPB production decreases due 
to the lowering of the cumene concentration in the reactor. At some point, the second distillation column and the associated 
equipment can be removed, because all the DIPB produced can leave the process in the cumene product, Stream 13. The actual 
amount of DIPB allowed in the cumene product would be identified in the product specification. 

Although the second distillation column (T-802), associated equipment (E-805, E-806, V-804, and P-805 A/B), and utility costs 
may be eliminated, this may not be the most economical alternative. The increase in the size of other equipment in the front end 
of the process, due to an increase in the recycle flows and the accompanying increase in utility costs, may overwhelm the 
savings from the elimination of the second tower and associated equipment. However, it is necessary to be aware of the 
consequences of reducing the DIPB production, because the elimination of the tower represents a step change in the profitability 
function that might otherwise be overlooked. This step change in the objective function is illustrated in Figure 14.4. 


Optimum may shift due to discontinuity 
in objective function 


Step change in objective 


function due to elimination 
of second distillation column 


Economic Objective Function 


Conversion of Propylene per Pass in Cumene Reactor 
Figure 14.4 The Effect of a Topological Change on a Parametric Optimization 


Rearrangement of Equipment. There are certain guidelines that should be followed when the sequence of equipment is 
considered. Some are obvious. For example, a pump should be used for a liquid rather than a compressor for a gas; thus, it will 
always be better to place a pump before a vaporizer rather than a compressor after it. However, other topological changes are 


somewhat more subtle. The most common examples of equipment rearrangement are associated with the separation section of a 
process and the integration of heat transfer equipment. In this section the sequencing of separation equipment is the focus, and 
heat integration is covered in Chapter 15. The separation sequence for the DME process is considered in Example 14.4. 
Example 14.4 

Consider the DME process shown in Figure B.1.1 (Unit 200) and Tables B.1.1 and B.1.2. The process is quite straightforward 
and consists of a gas-phase catalytic reaction in which methanol is dehydrated to give DME with no appreciable side reactions. 


2CH3;0H + (CH3),O0 + H0 
DME 


The reactor effluent stream is cooled and sent to two distillation columns. The first column separates DME product from the 
water and unreacted methanol. The second column separates the methanol, which is recycled, from the water, which is then sent 
to a wastewater treatment facility to remove trace organic compounds. 
Is there any economic advantage gained by changing the order of the distillation so that the water is removed first and the DME 
and methanol are separated in the second column? 
There is no simple way to determine whether the separation sequence given in Example 14.4 should be changed. In order to 
evaluate which alternative is better, a rigorous parametric optimization for both topologies should be made and the configuration 
with the best economics should be chosen. Although it may not always be possible to determine which sequence is best by 
inspection only, there are some guidelines that may help determine which sequences are worthy of further consideration. The 
following guidelines are presented in Tables 11.13 and 12.2: 
Perform the easiest separation first—that is, the one least demanding of trays and reflux—and leave the most difficult to the last. 
When neither relative volatility nor feed composition varies widely, remove components one by one as overhead products. 
When the adjacent ordered components in the feed vary widely in relative volatility, sequence the splits in order of decreasing 
volatility. 
When the concentrations in the feed vary widely but the relative volatilities do not, remove the components in order of 
decreasing concentration. 
Example 14.5 applies these guidelines to the DME problem. 
Example 14.5 
Apply the guidelines for column sequencing to the DME process using the information given in Table B.1.1 and Figure B.1.1. 
From Table B.1.1, the composition of the stream leaving the reactor and entering the separation section is as follows: 

Flowrate (kmol/h)Mole FractionRelative Volatility (P = 10.4 bar) 


DME 130.5 0.398 49.4 
MeOH64.9 0.197 2.2 
Water 132.9 0.405 1.0 


The relative volatilities for the components are taken from a simulation of the process, using CHEMCAD, with a 
UNIQUAC/UNIFAC estimation for the vapor-liquid equilibrium (VLE). By applying the guidelines given above, it would 
appear that the easier separation is the removal of DME, and, according to Rule 1, this should be removed first, which is what is 
done currently. The other guidelines do not add any additional guidance, and it may be concluded that the current sequence is 
probably the best. However, no mention is given in the guidelines of special considerations for water. Because water has a very 
high latent heat of vaporization, the duties of the condensers and reboilers in the columns will be higher than for similar flows of 
organic materials. By removing the DME first, water must be reboiled in both columns. This suggests that there may be some 
advantage to removing the water first and then separating the DME and methanol in the second column. This case is considered 
in Problem 14.16 at the end of this chapter. Therefore, this example illustrates a new guideline that should be added to those in 
Chapters 11 and 12. 

Special consideration is necessary when dealing with mixtures of polar compounds or other components that can form 


azeotropes or give rise to more than one liquid phase. As components are separated from a stream, the remaining mixture of 
components may fall into regions where two or more liquid phases are present or in which pairs of compounds form azeotropes. 
This can greatly increase the complexity of a separation and may strongly influence the sequence in which components or 
products are separated. This topic was considered in Chapter 12, and the reader is referred to this material for a more complete 
explanation and methods for evaluating azeotropic systems. 

14.3.4 Alternative Separation Schemes and Reactor Configurations 

Early in the design process, it is important to consider the use of alternative technologies to separate products from unused 
reactants and waste streams and to evaluate alternative reactor configurations. The topic of alternative reactor configurations is 
considered in Chapter 22, and only alternative separation technologies are considered here. By examining any textbook on mass 
transfer or unit operations, it is immediately apparent that there exist a myriad of different technologies to separate chemical 
components. Despite the wide range of separation technologies available to the process engineer, when considering liquid-gas 


processes, the vast majority of separations are composed of distillation, gas absorption and liquid stripping, and liquid-liquid 
extraction. According to Humphrey and Keller [2], 90%—95% of all separations, product recoveries, and purifications in the 
chemical process industry consist of some form of distillation (including extractive and azeotropic distillation). The relative 
maturity of distillation technology coupled with its relatively inexpensive energy requirements make distillation the default 
option for process separations involving liquids and vapors. Many notable exceptions exist, and alternatives to distillation 
technology may have to be used. Two examples occur when the relative volatilities of two components are close to one (for 
example, less than 1.05) or if excessively high pressures or low temperatures are required to obtain a liquid-vapor mixture. A 
comprehensive list of alternative separation techniques is not offered in this text. The approach taken here is to emphasize the 
importance of recognizing when a nontraditional technology might be employed and how it may benefit the process. Further 
details of the choice of alternative separation techniques are given in Table 12.1. An example of using alternative separation 
schemes is given in Example 14.6. 

Example 14.6 

In the toluene hydrodealkylation process shown in Figure E14.6 (taken from Figure 1.5), the fuel gas leaving the unit, Stream 
16, contains a significant amount of hydrogen, a raw material for the process. Currently, there is no separation of Stream 8. The 
mixture of methane and hydrogen leaving V-102 is split in two, with one portion recycled and the other portion purged as fuel 
gas. What benefit would there be in separating the hydrogen from the methane in Stream 8 and recycling a hydrogen-rich stream 


KOS 


to the reactor? What technology could be used to achieve this separation? 


V-103 


Figure E14.6 Toluene Hydrodealkylation Reactor and Hydrogen Recycle Loop 

Significant benefits may be derived by sending a hydrogen-rich recycle stream back to the front end of the process. The methane 
that is currently recycled acts as a diluent in the reactor. By purifying the recycle stream, all the equipment in the reactor loop, 
E-101, H-101, R-101, E-102, and C-101, could be made smaller (because the amount of methane in the feed to each piece of 
equipment would be reduced), and the utility consumption for the heat-exchange equipment would also be reduced. In addition, 
the amount of hydrogen feed, Stream 3, would be reduced because far less hydrogen would leave in the fuel gas, Stream 16. 
Several technologies exist to purify hydrogen from a stream of light hydrocarbons. It should be noted that distillation is not a 
viable option for this separation, because the temperature at which methane begins to condense from Stream 8 is less than — 
130°C. The two most likely candidates for this separation are membrane separation, in which hydrogen would preferentially 
diffuse through a polymer membrane, and pressure-swing adsorption, where methane would preferentially adsorb onto a bed of 
molecular sieve particles. In both of these cases, the potential gains outlined above are offset by the capital cost of the additional 
separation equipment and increased compression costs for the membrane case, where the permeate, high in hydrogen, would be 
obtained at a much lower pressure than the feed gas. In order to evaluate such process alternatives correctly, the economics 
associated with the new topology would have to be assessed, taking into account all the savings and costs outlined above. The 
case of implementing a membrane separator is considered in the problem report in Chapter 30. 

14.4 PARAMETRIC OPTIMIZATION 

In optimizing a chemical process, the key decision variables must be identified early in the optimization procedure. This is 
necessary in order to reduce the computational effort and time and make the problem tractable. The choice of key decision 
variables is crucial to the efficiency of the optimization process. An exhaustive list of potential decision variables is not 
presented here. However, some important variables that should be considered for most processes are listed below. 

Operating conditions for the reactor—for example, temperature, pressure, concentration of reactants. The temperature range 
may be restricted by catalyst properties; that is, catalyst may sinter at high temperatures or be inactive at low temperatures. 


Single-pass conversion in the reactor. The selectivity will be determined by the conditions mentioned in (1) and the single-pass 
conversion. 

Recovery of unused reactants. 

Purge ratios for recycle streams containing inerts. 

Purity of products (this is often set by external market forces). 

Reflux ratio and component recovery in columns, and flow of mass separating agents to absorbers, strippers, extractors, and so 
on. 

Operating pressure of separators. 

Because most chemical processes utilize recycles to recover unused reactants, any changes in operating conditions that occur 
within a recycle loop will impact all the equipment in the loop. Consequently, the whole flowsheet may have to be resimulated 
and the economics reworked (capital investments and costs of manufacture) every time a new value of a variable is considered. 
For variables that do not lie within a recycle loop, optimization may be simplified. An example is a distillation column in a 
separation sequence in which two products are purified and sent to storage. The operation of such a column does not impact any 
part of the process upstream and can therefore be considered independently after the upstream process has been optimized. 

In the following sections, single-and two-variable optimizations for single pieces or small groups of equipment are considered. 


Subsequently, overall process optimization strategies are studied. 
14.4.1 Single-Variable Optimization: A Case Study on T-201, the DME Separation Column 
When considering the optimization of a distillation column, the variables to be considered are reflux ratio, operating pressure, 


percent recovery of key components, and purity of the products. For the initial case study, it is assumed that the column pressure 
and the feed to the column are fixed. Figure B.1.1 and Table B.1.1 give the following information: 

Feed, Stream 9 

Temperature 89°C 

Pressure 10.4 bar 

Vapor fraction 0.148 

Molar flows (kmol/h) 

Dimethyl ether 130.5 kmol/h 

Methanol 64.9 kmol/h 

Water 132.9 kmol/h 

Total Flow 328.3 kmol/h 

In addition, the product specification for the DME is that it be 99.5 wt% pure. Assume that 98.9% of the DME in the feed must 
be recovered in the final product. Note that for this column, the pressure, reflux ratio, and percent recovery of DME are all 
process variables that can be optimized. At first, the focus is on the reflux ratio; later, the constraint on the operating pressure is 
relaxed and a two-variable optimization is conducted. 

In order to proceed with the optimization, an objective function is chosen. For this example, considering the reflux ratio as the 
only decision or design variable, the only costs that will be affected by changes in reflux are the capital and operating costs 
associated with the column. In order to account correctly for both one-time costs and operating costs, an objective function that 
takes into account the time value of money (Chapter 10 should be consulted for the different criteria used for assessing 
profitability) should be used. Use the before-tax NPV as the objective function: 


OBJ = FC Iry + COMa(P/A,1,n)(P/F, 1, startup) 


14.1 
= FC Irm + (0.18 FC ITM + 1.23Cyr)(P/A, 1, n)(P/F, 1, Nstartup ) ( ) 


It should be noted that the value of the cost of manufacturing term without depreciation, COMg, in Equation (8.2) includes a 
term with the fixed capital investment based on the total module cost (FC/ 7) and the cost of utilities. The other terms are not 
relevant to the optimization because they do not change with reflux ratio. Using a plant life of ten years after startup and a 10% 
internal rate of return and assuming a construction period of one year, Equation (14.1) reduces to 


OBJ= FC Iry + (0.18 FC Irm + 1.23Cyr)(6.145) (0.909) 


(14.2) 
= 2.005 FC Irm + 6.871Cyr 


The fixed capital investment term includes the total module costs for T-201, E-204, E-205, V-201, and P-202 A/B. The utility 
costs include the electricity for P-202 and the heating and cooling utilities for E-204 and E-205, respectively. A series of case 
studies were run (using the CHEMCAD process simulator) for different reflux ratios for this column, and the equipment costs 
(evaluated from CAPCOST using mid-1996 prices) and utility costs (also from 1996) are presented in Table 14.4 along with the 
objective function from Equation (14.2). A plot of the (R/R min) versus the objective function is shown in Figure 14.5. The 


optimum value of R/R min is seen to be close to 1.12. Moreover, for values greater than 1.1, the objective function changes slowly 
with R/R min. It should be noted that the results of this univariate search technique are presented as a continuous function of 

R/R min. However, in reality, the objective function exists only at a set of points on Figure 14.5 (shown by the data symbols on 
the dotted curve), each point representing a column with an integer number of plates. 

Table 14.4 Data for DME Column Optimization, R/R min, versus OBJ 

FCI Steam Cost Cooling Water Cost Electrical Cost Total Utility Cost OBJ from Eq. (14.2) 


RIR ming 193) ($10°/y) ($10°/y) ($10°/y) ($10°/y) ($105) 
1.01 684 72.50 4.04 0.48 77.02 -1911 
1.02 509 72.72 4.05 0.48 77.24 -1551 
1.03 441 72.96 4.06 0.48 77.50 -1417 
1.04 411 73.15 4.07 0.48 77.70 -1358 
1.11 354 74.68 4.13 0.49 79.31 -1255 
1.27 342 78.16 4.28 0.51 82.95 -1256 
1.60 322 85.04 4.54 0.55 90.17 -1265 
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Figure 14.5 Single-Variable Optimization for DME Column, T-201. All figures based on 1996 prices/costs. 


14.4.2 Two-Variable Optimization: The Effect of Pressure and Reflux Ratio on T-201, the DME Separation Column 
The effect of pressure on the operation of T-201 is considered next. It may be tempting to take the result from Section 14.4.1 


and, by holding the value of R/R min constant at 1.12, carry out a univariate search on the pressure. However, the results from 
such a technique will not yield the optimum pressure or R/R nin values. This is because as pressure changes, the optimum reflux 
ratio also changes. In order to optimize this situation correctly, both the pressure and R/R,,,;, must be varied and the best 
combination should be determined. This problem can be approached in many ways. In the following example, different 
pressures are chosen and the procedure used in Section 14.4.1 is repeated for each pressure. The results are then plotted. This is 
not a particularly efficient procedure, but it yields plots that are easy to interpret. This is an example of a bivariate search 
technique. The data for this problem are presented in Table 14.5 and plotted in Figure 14.6. From the results shown in Figure 
14.6, it is clear that the relationship between pressure and NPV at the optimum R/R min is highly nonlinear. In addition, the 
optimum value of R/R min does not remain constant with pressure, as shown by the dotted line in Figure 14.6, although, for this 
example, (R/Rmin)op: does not change very much with pressure over the range considered here. 

Table 14.5 Data for Two-Variable Optimization of DME Column, T-201 

Pressure (bar) 13.5 11.5 10.3 9.0? 9.0? 7.5 

R/Rmin OBJ OBJ OBJ OBJ OBJ OBJ 

1.01 2052 -1975 —1911 —1890 -1926 -5203 

1.02 1699 —1613 —-1551 —1511 —1547 —4847 


1.03 1560 —1474 -1417 —1373 —1409 —4719 


1.04 1499 —1411 —1358 —1310 -1347 —4665 
1.11 1394 —1312 -1255 —1213 —1250 —4616 
1.27 1365 —1288 —1256 —1204 -1243 —4715 
1.60 1385 —1309 -1265 -1216 -1259 —4955 


“Using lp steam. 
Using mp steam. 
All costs in $1000 using data from 1996, first edition of text. 
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Figure 14.6 Optimization of DME Column, T-201, for Two Variables (Pressure and R/R nin) 
It was stated at the beginning of this section that the topology of the distillation column and associated equipment should remain 
fixed while carrying out the parametric optimization. This may unduly constrain the overall optimization of the process and, for 
this case, limits the range of pressures over which the optimization may be considered. Moreover, when carrying out this 
optimization, it was necessary to change some of the utilities used in the process, and this significantly impacted the results. 
Consider the information presented in Table 14.6, in which the utility and fixed capital investment (FCI) breakdown is given for 
the case of R/R min = 1.27 (which is close to the optimum value for all the cases). It is clear that several changes in utilities were 
implemented. Some were required in order to obtain viable processes; others were changed in order to improve the economics. 
First, the switch from medium-pressure steam to low-pressure steam is considered for a process pressure of 9.0 bar. The results 
are shown in Tables 14.5 and 14.6 and are plotted in Figure 14.7. It is clear that there is a small but significant increase in the 
NPV when low-pressure steam is substituted for medium-pressure steam. The reason for this increase is that the reduction in 


utility costs (due to less expensive low-pressure steam) outweighs the increase in equipment costs (due to a smaller temperature 
driving force and higher operating pressure in E-204, the column reboiler). A switch to low-pressure steam is actually possible 
for all of the operating pressures shown, with the exception of 13.5 bar, because the reboiler temperature for these cases is less 
than 160°C, the temperature at which low-pressure steam condenses. 

Table 14.6 Breakdown of Costs and Process Information for R/R min = 1.27 

Pressure (bar)13.5 11.5 10.3 9.0 9.0 7.5 


mp steam 89.79 82.44 78.16 — 72.26 — 

Ip steam — — — 62.80 — 56.67 
Cooling water 4.23? 4.262 4.28? 8.612 8.612 — 
Refrig. water 539.35€ 
Electricity 0.53 0.52 0.51 0.50 0.50 0.49 
FCI 357 344 342 354 340 307 


NPV 1339 —1263 —1230 -1178 —1217 —4692 


Rmin 0.35280.32140.30240.28100.28100.2562 

Teondenser (CC) 57 50 46 40 40 34 

Treboilee CC) 164 157 153 147 147 140 

3AT = 10°C. 

PAT = 5°C. 

SAT = 10°C. 

All costs in $1000 or $1000/y based on 1996 data. 
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Figure 14.7 The Effect of Changing Utilities in the Reboiler for T-201 at a Column Pressure of 9.0 Bar 

Next, a change in the cooling water utility is considered. As the operating pressure of the column decreases, the bottom and top 
temperatures also decrease. One consequence is that low-pressure steam may be used in the reboiler, as considered above. In 
addition, as the top temperature in the column decreases, a point is reached where a temperature increase of 10°C for the cooling 
water can no longer be used. This occurs at an operating pressure of 9.0 bar. Cooling water can be used to condense the 
overhead vapor from the column, but the temperature increase of the utility must be reduced. The results shown are for a change 
in cooling water temperature of 30°C (in) to 35°C (out). As the operating pressure is reduced still further to 7.5 bar, the column 
top temperature decreases to 34°C. At this point, the use of cooling water becomes almost impossible; that is, the flow of 
cooling water and the area of the exchanger would become extremely large, and any slight changes in cooling water temperature 
would have a large impact on the process. For this reason, refrigerated water is substituted as the cooling utility for this case. 
The results in a large increase in the cost of the utilities and a resulting decrease in the objective function (NPV) as shown in 
Figure 14.8. 
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Figure 14.8 The Effect of the Operating Pressure of T—201 on the NPV (All Data for R/R min = 1.27) 


The example in this section clearly illustrates the need to consider changes in utilities when process conditions change. 


Net Present Value, NPV ($102) 


During parametric optimization, changes in operating conditions may require corresponding changes in utilities. 
14.4.3 Flowsheet Optimization Using Key Decision Variables 
As stated previously, when the decision variables for an optimization lie within a recycle loop, then evaluation of the objective 


function becomes more complicated. As an example, consider the DME flowsheet given in Appendix B, Figure B.1.1. The 


possible decision variables, for even such a simple flowsheet as this, are numerous. In this example, consider three variables: 
single-pass conversion in the reactor (x), fractional recovery of the DME product in tower T-201 (f), and reactor pressure (p). 
Even with only three variables, it is not clear how many runs should be performed, nor is it clear over what range of the decision 
variables runs should be performed. 

The first step, therefore, in doing such optimizations should be to choose the range over which the decision variables should be 
varied. The ranges chosen for this example are 


0.7 < x < 0.9,0.983 < f < 0.995, 12.70bar < p < 16.70bar 


The choice of these ranges is somewhat arbitrary, although it is useful to include maximum and/or minimum constraints as end 
points for these ranges. For example, it has been found from research in the laboratory that, for the current catalyst, a maximum 
single-pass conversion of 90% and a maximum operating pressure of 16.70 bar should be used because of equilibrium 
constraints and to avoid undesirable side reactions. The upper limits for x and p represent upper constraints for these variables, 
which should not be exceeded. On the other hand, the lower limits for p and x are arbitrary and could be changed if the 
optimization results warrant looking at lower values. The choice of the range of f values is again arbitrary, although experience 
indicates that the fractional recovery of product (f) should be close to 1. 

The next question to be answered is how many points should be chosen for each variable. If three values for each variable are 
used, then there would be a total of (3)(3)(3) = 27 simulations to run. A conservative estimate of the length of time to run a 
simulation, collect the results, evaluate the equipment parameters, price the equipment, estimate the utility costs, and finally 
evaluate the objective function is, for example, 2 hours per run. This would yield a total time investment of (2)(27) = 54 hours 
of work! This is a large time investment and would be much larger if, for example, five variables were considered, so it makes 
sense to optimize the number of simulations carried out. With this in mind, only the end points of the range for each variable are 
used; namely, (2)(2)(2) = 8 simulations will be run. This still represents a significant investment of time but is more reasonable 
than the previous estimate. Essentially what is proposed is to carry out a 2" factorial experiment (Neter and Wasserman [3]), 
where k is the number of decision variables (three for this case). In essence, each evaluation of the objective function (dependent 
variable) can be considered the result of an experimental run in which the independent variables (x, f, and p) are varied. The test 
matrix used is given in Table 14.7. The low range for each variable is designated 0, and the high range is designated 1. Thus, the 


run named DME011 represents the process simulation when the conversion is 0.7 (x is at its low value), fractional recovery is 
0.995 (fis at its high value), and the pressure is at 16.7 bar (p is at its high value). For each of the eight cases shown in Table 
14.7, a simulation was carried out and all equipment and operating costs determined. The results for these cases and the base 
case are also presented in Table 14.7. 
Table 14.7 Test Matrix and Results for Three Variable Optimizations of DME Process 

Variable 1 Variable 2Variable 3 


OBJ 
=x =f =p FCI Utilities 
Run Number o7 9 =0.983 0=12.7 bar($1000)($1000/9) te T000) 
1=0.9 1=0.995 1=16.7 bar 
Base Case 0.8 0.989 14.7 1297 732 —7630 
DME000 0.7 0.983 12.7 1378 782 -8136 
DME001 0.7 0.983 16.7 1381 872 -8760 
DME010 0.7 0.995 12.7 1393 780 -8152 
DME011 0.7 0.995 16.7 1440 868 -8851 
DME100 0.9 0.983 12.7 1210 539 -6130 
DME101 0.9 0.983 16.7 1261 634 6885 
DME110 0.9 0.995 12.7 1232 537 -=6160 
DMEI11 0.9 0.995 16.7 1299 634 -6961 


All figures based on 1996 data. 

Once the results have been obtained, interpretation and determination of the optimum operating conditions must be carried out. 
The results in Table 14.7 are shown graphically in Figure 14.9. In this figure, the region over which the optimization has been 
considered is represented by a cube or box with each corner representing one of the test runs. Thus, the bottom left-hand front 
corner represents DME000, the top right-hand rear corner represents DME111, and so on. The values of the objective function 
are shown at the appropriate corners of the box. Also shown is the base-case simulation (for the conditions in Table B.11.1), 
which lies at the middle of the box (this is due to choosing the ranges for each variable symmetrically about the base-case 
value). First, an analysis of these results in terms of general trends using a method known as the analysis of means is 
undertaken. Then a model is fitted to the objective function using the decision variables, and this model is used to estimate the 
optimum conditions or, more correctly, to give direction as to where the next test run should be performed. This approach is 
termed a response surface analysis, which is a powerful method to interpret and correlate simulation results. 
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Figure 14.9 Results for Three-Variable Optimization on DME Process; Objective Function Values Are Shown at the Corners of 
the Test Cube 

Sensitivity of Objective Function to Changes in Decision Variables: Analysis of Means. Using the data from Table 14.7 and 
Figure 14.9, an estimate of how to change each variable affecting the NPV is made. This is simply done by averaging all the 


results at a given value of one variable and comparing them with the average value at the other level of that variable. This yields 
the following results: 


Conversion, x = 0.7, NPVavg,2 =0 = (—8136 — 8760 — 8152 — 8851)/4 = —8475 
Conversion, x = 0.9, NPVavg,2=1 = (—6130 — 6885 — 6160 — 6961)/4 = —6534 


Recovery, f = 0.983, NPVavg,f—0 = (—8136 — 8760 — 6130 — 6885) /4 = —7478 
Recovery, f = 0.995, NPV ag f-1 = (—8152 — 8851 — 6160 — 6961)/4 = —7531 


Pressure, p = 12.7bar, NPVavg,p-0 = (—8136 — 8152 — 6130 — 6160) /4 = —7145 
Pressure, p = 16.7bar, NPVangp—1 = (8760 — 8851 — 6885 — 6961) /4 = —7864 


From these results, it can be concluded that the single-pass conversion has the greatest influence on the NPV, followed by the 
reactor pressure, with the recovery of DME having only a slight effect. Moreover, the results suggest that NPV will be 
maximized (least negative value) by using high conversion, low pressure, and low (within the range chosen) DME recovery. 
Although the maximum NPV that was obtained from these simulations was —$6,130,000 (DME100), it should not be assumed 
that this is the true maximum, or that the maximum lies within the range of decision variables considered thus far. In fact, the 
above analysis suggests a move to a new range for pressure and DME recovery. 

In order to estimate the maximum for the objective function, further simulations at different conditions will need to be done. 
The results from Table 14.7 are used to choose the next values for the decision variables. From the results in Table 14.7 and 
Figure 14.9, it can be concluded that operating the reactor at the highest conversion allowable (x = 0.9) yields the optimum NPV 
and that reducing the reactor pressure also improves the NPV. Compared with these two effects, the recovery of DME is not 
very important, and it will be ignored for now. It should be noted that for the given topology of the flowsheet, all the DME 
produced in the reactor leaves as product, because the DME not recovered in T-201 simply gets recycled back to the reactor 
from the top of T-202. Thus, for this case, the DME recovery is not very important. However, this is usually not the case. By 
eliminating one decision variable from the search (f) and noting that another variable is constrained at its maximum value (x = 
0.9), the problem has been reduced to a one-dimensional search (p). The question is: What should be the next value of p? 
Although p can be decreased by some arbitrary amount, it should be noted that there may be another constraint as p is lowered. 
In fact, in Section 14.4.2, a detrimental change in the NPV was identified when the pressure in T-201 became so low that 
refrigerated water was required as the utility for the overhead condenser. Noting the pressure drops through the system and 
control valves, the lowest pressure at which the reactor can be run and still operate T-201 at 9.0 bar, which is close to the lower 
limit for using cooling water, is p = 10.7 bar. Thus, the next simulation should be carried out at (x = 0.9, f= 0.983, p = 10.7). 
Modeling the Objective Function in Terms of the Decision Variables. It is useful to be able to estimate NPV values for new 
conditions before actually running the simulations. This can be done by using the results from Table 14.7 to model the NPV as a 
function of x, f, and p. An infinite number of functional forms canbe chosen for this model. However, the following form is 
chosen: 


NPV = ao + az + a2 f + azp + asz f + aṣ5xp + ag fp + ay £ fp (14.3) 


where do, a, ... a7 are constants that are fit using the data from Table 14.7. This model uses eight arbitrary constants, which will 
allow the function to predict the NPV exactly at each corner point of the experimental design. In addition, this form of model is 
a simple multivariable polynomial, and the regression techniques to find ao, a, ... a7 are well established [3]. For these data, the 
following form for the objective function is obtained: 


NPV = —63,254 + 55,5562 + 49,448 f + 3573p — 44,1982 — 3133 xp 


(14.4) 
—3677 fp + 3021 x fp 


The accuracy of the model is tested by comparing the predictions of Equation (14.4) with all the data in Table 14.7. The results 
are shown in Table 14.8. 

Table 14.8 Predictions of Model for NPV in Equation (14.4) with Data from Table 14.7 

Test Run Result from Table 14.7Prediction from Equation (14.4) 

Base Case—7630 -7502 

DME000 -8136 —8134 

DME001 -8760 —8758 


DME010 —8152 —8150 
DME011 —8851 —8849 
DME100 —6130 —6127 
DME101 —6885 —6881 
DME110 —6160 —6157 
DME111 —6961 —6957 
All figures are in $1000. 


From the results in Table 14.8, it can be seen that the model predicts the eight test runs exactly (differences in the last significant 
figure are due to round-off errors in coefficients in Equation [14.4]) gives. The prediction for the base case is also good, 
although the model tends to underpredict the NPV a little. The expected value of NPV can also be predicted for the next 
simulation (x = 0.9, f= 0.983, p = 10.7), and Equation (14.4) gives NPV = —5750. The actual value for the NPV for this new 
simulation is —5947, which is higher than the predicted value by about 3%. 

At this point, the optimum is clearly close. Whether further simulations are warranted depends on the accuracy of the estimate 
being used to obtain the costs and the extra effort that must be expended to analyze further simulations. If further refinement of 
the estimate of the optimum conditions is required, then the model, Equation (14.4), can be modified to include terms in p and 


used to refine further the grid of decision variables. Alternative approaches for more comprehensive models are considered by 
Ludlow et al. [4]. 

One final point should be made. This problem is fairly typical of real design optimizations in that the optimum conditions lie on 
several of the constraints for the variables. Even though a simple polynomial model has been used to describe the NPV, 
Equation (14.4), which will tend to force the optimum to lie on the constraints, similar results would be obtained if nonlinear 


models had been used to describe the NPV. 
14.5 LATTICE SEARCH, RESPONSE SURFACE, AND MATHEMATICAL OPTIMIZATION TECHNIQUES 
For problems involving many decision variables, there are three types of parametric optimization techniques: 


Response Surface Strategies Such as Those Discussed in Sections 14.2 and 14.4: These can be used when the conditions 


required for analytical techniques are not met. However, the interior of the decision variable space extrema must be searched, 
which can be done by three-level (and higher-level) factorial designs [3, 4]. Fractional factorial designs are essential for higher- 
level and higher-dimensionality problems. As the dimensionality (number of decision variables) and the number of constraints 
increase, so does the probability that the optimum lies on the boundary of the allowable search space. This makes response 
surface techniques especially attractive. The response surface techniques are preferred during the early phases of design. They 
serve the multiple uses of prioritizing the decision variables, scoping the optimization problem to determine an estimate of the 
target improvement possible, and performing the parametric and topological optimizations. 

Pattern Search Techniques: These are iterative techniques that are used to proceed from an initial guess toward the optimum, 
without evaluating derivatives or making assumptions about the shape of the objective function surface. From the initial guesses 
of the decision variables, a direction is chosen, a move is made, and the objective function is evaluated. If an improvement is 
detected, further moves are made in that direction. Otherwise, the search continues in a new direction. There are many strategies 
for choosing the search direction, deciding when to change direction, what direction to change to, and how far to move in each 
iteration. Crude methods of this type evaluate the objective function at each of the “nearest neighbor” points in each direction. 
The Simplex-Nelder-Mead [5] method uses (n + 1) points when there are n decision variables to determine the next move. This 
is the smallest number of points that can give information about changes in the objective function in all directions. A related 
strategy is simulated annealing [6], in which all moves (good and bad) have nonzero probability of being accepted. Good moves 
are always accepted, and bad moves are accepted, but less frequently based on the larger the degradation in the objective 
function. 

Mathematical Optimization Techniques: These techniques are the most powerful and suitable for large flowsheets with large 
numbers of decision variables and recycles and heat integration. These techniques involve quite complex algorithms and 
specific solution methodologies that vary depending on the simulator used for the process modeling. This topic is handled 


separately in Chapter 16. 
14.6 PROCESS FLEXIBILITY AND THE SENSITIVITY OF THE OPTIMUM 


Before any optimization result can be understood, one must consider the flexibility of the process and the (related) sensitivity of 
the result. A process must be able to operate with different feedstocks, under varying weather conditions (especially important 
for cooling utilities), over a range of catalyst activities, at different production rates, and so on. A process that is optimum for 
the “design” or “nameplate” conditions may be extremely inefficient for other operating conditions. The common analogy is a 
car that can operate at only one speed. Clearly, the design of the car could be optimized for this one condition, but the usefulness 
of such a car is very limited. 

The sensitivity of the optimum refers to the rate at which the objective function changes with changes in one of the decision 
variables. Here, there is an apparent contradiction. Decision variables are chosen because the objective function is most 


sensitive to them, and therefore the process needs to be controlled very close to the optimum values of the decision variables to 
stay near the optimum. In fact, the objective function evaluations made during the optimization allow one to determine how 
precise the control must be and, most importantly, to determine the penalty for failure to control the decision variable to within 
prescribed limits. This is another of the interplays between optimization and process control. 

The effects of process sensitivity and flexibility can best be shown with a family of curves such as shown in Figure 14.6. 
Regardless of the techniques used to find the optimum, it is only through these visual representations that the results of 
optimization can be effectively conveyed to those who will use them. They are essentially performance curves for the process, 


where the performance is measured as the value of the objective function. 
14.7 OPTIMIZATION IN BATCH SYSTEMS 
Unlike continuous systems, batch operations do not run under steady-state conditions, and their performance varies with time. 


As discussed in Chapter 3, the important issues with batch systems are the optimal scheduling of different equipment to produce 
a variety of products and the determination of optimal cycle times for batch processes. Therefore, the optimization of batch 
operations often involves determining the “best” processing time for a certain operation, the “best” time at which a certain 
action should take place, or the “best” distribution of actions over a period of time. The optimization of batch processes is, in 
itself, a very broad topic and certainly beyond the scope of this section of this chapter. Rather than try to address the many 
interesting problems in this field, the approach here is to illustrate several important concepts through the use of examples. The 
interested reader is encouraged to read further into this subject [7—10]. 

14.7.1 Problem of Scheduling Equipment 

Consider a simple case of scheduling a set of equipment used to produce multiple products. For example, let us assume that 
there are three products of interest (A, B, C) manufactured from the same chemical feedstock F. The production of each of the 
three chemicals follows a different sequence and requires the use of different equipment (a reactor R, a separator S, and a 
precipitator P) for different periods of time. This information, along with relative feed and product prices, is shown in Table 
14.9. The times shown in the table reflect the combined time required for filling, operating, emptying, and cleaning each piece 


of equipment for each product. 
Table 14.9 Equipment Time Requirements for Products A, B, and C 


Product ne in Reactor Time in Separator Time in Precipitator Value of Product ($/kg Cost of Feed ($/kg 
(h) (h) (h) Product) Product) 

A 7 4 0 0.75 0.25 

B 15 3 3 1.12 0.27 

C 25 4 2 1.41 0.23 


The costs of the feeds are different for each product because of differences in process efficiencies. In general, the longer it takes 
to make a product, the more valuable the product. The question that must be answered is: How should the equipment be 
scheduled to maximize the revenue from the products? 

Another complication in this type of scheduling problem is that the production steps are sequential: R—S—P. This means that 
when a reactor has finished producing a product, the separator should be available to carry out the next step in the process, and, 
similarly, the precipitator should be available when the separation has finished. This problem was chosen with the assumption 
that the separator and precipitator are always available to handle the products from the reactor, because the longest processing 
time for a given piece of equipment is always shorter than the shortest time for the preceding operation (4 < 7, 3 < 4). For this 
case, the solution to the problem is simple because the only piece of equipment that must be considered is the reactor; the 
reaction step is the limiting step in each process. 

Problem Formulation. Let the number of batches produced per year for Products A, B, and C be x1, x2, and x3, respectively. 
Assuming the size of each batch is the same and equal to W kg, then the objective function for the optimization, which is the 
total profit, is 


Maximize OF = W2,(0.75—0.25) + Wag (1.12-0.27) + Wag (1.41-0.23) 
or (14.5 
Maximize OF = 0.5W zı + 0.85Wz2 + 1.18W z3 


The constraints for the problem relate to the total time for processing: 


7x, + 15a + 25a3 < (365) (24) = 8760 (14.7) 


Equation (14.7) simply states that the equipment (reactor) is available 24 hours a day for the whole year. The solution of the 


problem is the maximization of Equation (14.5) subject to the constraints given in Equations (14.6) and (14.7). The solution is 
trivial, yielding that the optimum strategy is to make only chemical A with xı = 1251 batches per year and OF = $625.7W. 
Addition of Market Constraints. Now consider a slightly more realistic version of the problem. This time, consider the 
situation where market forces indicate that a maximum of 800 batches of A in a year can be sold and that to meet contractual 
obligations, at least 10 batches of B and 7 batches of C must be produced in a year. These additional constraints are given as 


zı < 800 
z2 > 10 (14.8) 
T3 > 7 


The resulting solution is x, = 800, x2 = 199, x3 = 7, and OF = $577.4W. Not surprisingly, the extra constraints have caused the 
OF to be reduced. This solution shows that after the contractual obligations have been fulfilled, and as much of Product A has 
been made as is allowed, as much of Product B as is allowed should be made. In other words, the order of profitable products is 
A>B>C. 

Considering Other Equipment. Now look at the situation where the time taken to process the products through the other 
equipment becomes a limiting factor. To illustrate this type of problem, the basic problem is modified, as shown in Table 14.10. 
Table 14.10 Equipment Time Requirements for Products A, B, and C for the Case When the Time for Separation and/or 
Precipitation Constrains the Solution 


oia in Reactor Time in Separator Time in Precipitator Value of Product ($/kg Cost of Feed ($/kg 
(h) (h) (h) Product) Product) 

A 7 10 8 0.75 0.25 

B 15 7 6 1.12 0.27 

C 25 5 2 1.41 0.23 


If the complication of sequencing of operations to allow a product to move through the system is ignored, for the moment, then 
the additional constraints imposed in Table 14.10 can be formulated as 


Separator constraint 102, + 7z2 +523 < 8760 (14.9) 
Precipitator constraint 821 + 622 + 223 < 8760 (14.10) 


Solving the problem including the market constraints given in Equation (14.8) results in xı = 701, x2 = 245, x3 = 7, and OF = 
$567.2W. The results show that, with the inclusion of the constraints for the other equipment, it is no longer optimal to make as 
much of Product A as the market can handle, but, instead, making more of Product B is more profitable. If the values of x1, x2, 
and x3 are substituted into the equipment time constraints (Equations [14.7], [14.9], and [14.10]), the result is 


Reactor usage 7x, +1522 + 2523 = 8757 < 8760 
Separator usage 102, + Tz + 523 = 8760 < 8760 
Precipitator usage 82; + 6x2 + 2x3 = 7092 < 8760 


It should be noted that the values for x1, x2, and x3 have been rounded to the nearest integer, and, in fact, the total times for the 
reactors and separators are both 8760 hours. From these results, it is seen that the first two constraints meet the equality, but the 
constraint for the precipitator shows that this piece of equipment has spare capacity; it is not being used all the time. This spare 
capacity represents an inefficiency in equipment use and might be worth further investigation; however, some spare capacity is 
often desirable from an operability point of view. The fact that both the reactor and the separator are used all the time might 
create a scheduling problem when implementing the “optimal” mix of chemicals predicted by this latest solution. The reason for 
this is that, in general, when the times for different operations are not the same or not some simple multiple of each other and 
both pieces of equipment are used all the time, there will be periods of time when one or the other piece of equipment must sit 
idle. Hence, the true optimum would be less than that obtained by using this approach. This restriction could be eliminated by 
providing intermediate storage tanks between the different equipment that would allow each piece of equipment to operate all 
the time, as discussed in Chapter 3, Section 3.5.2. In this case, the optimum solution given for this problem can be realized, but 
there is an additional hidden cost of buying the intermediate storage tanks. Alternatively, by using multiple single-product 
campaigns, discussed in Chapter 3, this optimal solution might be obtainable. However, the implementation of single-product 
campaigns leads to the use of additional product storage and hence more capital investment. 

The problem could have been formulated by specifying the constraints in terms of the total number of hours to produce a 
product. This would be given by 


Maximize OF = 0.5W2, + 0.85W z2 + 1.18W z3 (14.11) 


subject to the constraints in Equations (14.6) and (14.8), and 
(7 +10 +8) x, + (15 +7+6) a +(25+5+2) a3 < 8760 (14.12) 
or 
2521 + 28x + 3223 < 8760 (14.13) 


The optimal solution to this problem is x; = 0, x2 = 10, x3 = 265, and OF = $321.2W. The OF is considerably smaller than the 
previous solution. Moreover, if the total time that the reactor, separator, and precipitator are operating is evaluated, the 
following results are found: 


Reactor usage 7x1 + 1522 + 25x23 = 6775 < 8760 
Separator usage 10x; + Tz + 5x23 = 1395 < 8760 
Precipitator usage 82, + 6x2 + 223 = 590 < 8760 


Although this is certainly a valid solution, the separation and precipitation equipment sit idle most of the time. One possible way 
to sequence the operations for this solution is shown in Figure 14.10(a)(b). The sequence for this solution would follow that 
shown in Figure 14.10(a) for (265)(32) = 8480 h, with the remaining period of (10)(28) = 280 h following the sequence shown 
in Figure 14.10(b). There are many ways to improve the profitability of the scheme shown in Figure 14.10(a)(b). For example, it 
can be seen that a batch run for Product A could be squeezed into the schedule every time a batch of B or C is made. This is 
illustrated in Figure 14.10(c)(d). 
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Figure 14.10 Different Configurations for Batch Scheduling Example 

By making additional Product A, the value of OF increases from $321.4W to 321.4W + (265 + 10)(0.5)W = $458.9W. Moreover, 
the equipment usages increase to 


Reactor usage 7 (275) + 15 (10) + 25 (265) = 8700 < 8760 
Separator usage 10 (275) + 7 (10) + 5 (265) = 4145 < 8760 
Precipitator usage 8 (275) + 6 (10) + 2 (265) = 2790 < 8760 


An alternative change in the scheduling for this problem is illustrated in Figure 14.10(e)(f). In this case, the idle time for the 
reactor is eliminated by implementing a batch of C or B as soon as the reactor becomes available. This essentially eliminates the 
reactor downtime. This saves 7 hours per batch of C and 13 hours per batch of B, leaving a period of (7)(265) + (13)(10) = 1985 
hours of additional processing time during which more A, B, or C could be made. This same scheme could also be applied to 


Figure 14.10(d) by moving the sequence of events for producing Product B to the left by 7 hours. This would again eliminate 
any downtime for the reactor and would free up another (7)(10) = 70 hours per year of time to make other products and 
additional profit. 

Clearly, the possible sequences are numerous. In the above examples, reactor downtime could be eliminated, and a constraint 
was encountered. However, a different configuration could have been used as the starting point, such as producing only A and 
B, and a different constrained solution that might have been more profitable would have been reached. The optimum 
configuration is not intuitively obvious, nor is how to go about formulating and optimizing the problem. The problems in this 
section were all solved using the solver in Microsoft Excel that uses the generalized reduced gradient (GRG2) nonlinear 
optimization code. However, specialized software is available to help formulate and solve these types of batch scheduling 
problems. The software most often used in batch scheduling optimization solves mixed-integer, nonlinear programming 
(MINLP) problems [8]. The topic of batch scheduling has its roots in the field of operations research, which is a shared 
discipline of industrial and chemical engineers. 

A final point of interest involves the degree of consolidation that is possible for batch scheduling problems and the degree that is 
desirable, which may be different from each other. For the simple example of three chemical products using three pieces of 
equipment, it was shown how to compress the scheduling so that the reactor is being used all the time. However, this puts an 
additional burden on the operators. For the cases shown in Figure 14.10(a)(b), a single operator per shift might be able to cover 
all the operations (loading feed, monitoring, emptying product, cleaning equipment, etc.) required. However, as operations get 
squeezed together, more operators are needed, and errors, which are bound to happen on occasion, have a much greater effect on 
production. The trade-offs between efficient equipment usage and operability must be considered in order to develop robust and 
profitable operations. 

14.7.2 Problem of Optimum Cycle Time 

Another problem that arises in batch operations is the question, “What is the optimal time to run a particular operation?” For 
example, consider the simple case of a batch reactor producing a product via a first-order, irreversible reaction. The conversion 
of product follows a simple exponential relationship, as shown in Figure 14.11. 
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Figure 14.11 Conversion of A and Production of B for the Simple First-Order Reaction A—B as a Function of Dimensionless 
Time in a Batch Reactor 
Therefore, the longer the material reacts, the more product is made. However, the rate at which product is formed slows with 
time, and the average production rate drops. These trends are shown by the curves plotted in Figure 14.11. Both the 
instantaneous and time-averaged production rate of Product B are seen to decrease with time. Because this is a batch operation, 
the optimal time to run the reaction must be determined. Because there are costs associated with cleaning and recharging feed to 
the equipment, these should be taken into account when determining the optimal cycle time for the batch. 
Formulation of the Problem. Assume that the production of product in a liquid-phase batch reactor, in which AB, follows a 
simple first-order, elementary reaction given by 


Ne=VCuXi = VCH E : s| = VCgo[1 =e *] (14.14) 


where Nz is the moles of Product B formed in the reactor after time = ¢, Vis the volume of the batch reactor, C4ọ is the 
concentration of reactant at time = 0, C is the concentration of reactant at time = ¢, and k is the reaction rate constant. 


Let the value of the product be $x/kmol, let the value of the reactant be $y/kmol, and let the cost of cleaning and preparing the 
reactor for the next batch be $C jean. The time to clean and prepare the reactor for the next batch is telean and the reaction time is 
treac The cycle time, 0, is simply the sum of the cleaning and reaction time: 


0 = talean + treact (14.15) 


The objective function for this problem is the average “profit” over the cycle time, which is given by 


OF tNp—y(VC49—NB)—Cotean Np(z+y)—yV Cao —Cotean (14 16) 
E 6 = treact tÉclean ` 


The numerator of Equation (14.16) is the profit from Product B minus the cost of unused reactant A minus the cost of cleaning. 


The denominator is simply the total time for the cycle and thus averages the profit over the cycle time. This formulation of the 
OF assumes that the unused reactant is not recovered and recycled and that the cost of downstream processing (separation of B 
from A, and purification of B) is not affected by the extent of reaction. Both these assumptions should be relaxed if information 
about the downstream processes is available. 
Substituting Equation (14.14) into Equation (14.16) and noting that t = t,eact yields 

OF — EV Cmte "J-W Ca- Caean _ ABe" (14.17) 


t+telean C 1 +t 
where 


Ay = (z + y) VC 10 m YVC ao — Clean = tVC x40 = Clean 
Bı = (x + y)VCo 
C1 = telean 


Differentiating the OF with respect to ¢ and setting the derivative equal to 0 yields the following expression for topt = treact, 


optimum: 
(BikC, + Biktop + Bi)e Me — Ay =0 (14.18) 


The positive real root of this equation gives the optimum time to react the batch. An example to illustrate this optimization 
procedure is given in Example 14.7. 

Example 14.7 

Determine the optimal batch reaction and cycle time for the first-order, irreversible reaction A—B using the following data and 
plot the OF [Equation (14.17)] as a function of 8. 


V = 5m’ 
C49 = 2kmol/m? 
k = 0.3173h* 
tclean = 2h 
xz = $700/kmol 
y = $400/kmol 
Cetean = $1200 
Ay = 2VC49 — Catean = (700)(5)(2) — 1200 = 5800 
By = (x + y)VC 4o = (400 + 700)(5)(2) = 11,000 
C1 = tetean = 2 


Substituting into Equation (14.18) yields 
(Br kC, + By ktopt + By Je~ Font — Å = 


11,000) (0.3173) (2) + (11,000) (0.3173)topt + 11,000]e~7®3173to+ — 5800 = 0 
pi 
(6980 + 3490topt + 11,000)e~°317*e — 5800 = 0 


From this, topt = 6.0 h, telean = 2.0 h, and topt = telean + treact = 2-0 + 6.0 = 8.0 h. 


A plot of the OF as a function of u is shown in Figure E14.7. 
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Figure E14.7 Results of Example 14.7 Showing the OF as a Function of Cycle Time 
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Similar problems to the optimal cycle time for a batch reaction arise when considering the optimal cycle times for cleaning heat 


exchangers prone to excessive fouling or for cleaning filters. 
14.8 SUMMARY 
In this chapter, several definitions commonly used in the area of optimization were introduced. In addition, the idea of applying 


a Pareto analysis to the base case was investigated. This type of analysis often reduces the number of decision variables that 
should be considered and the range over which the optimization should take place. 

The differences between parametric and topological optimization were investigated, and strategies were suggested for each type 
of optimization. 

The strategy for optimizing a process flowsheet using response surface concepts from the statistical design of experiments was 
introduced. The method was then illustrated using the DME flowsheet from Appendix B. 

Finally, an introduction to the optimization of batch processes was given. Specifically, methods to determine the optimal mix of 
products in a multiproduct batch facility and the determination of optimum cycle time were covered. 

WHAT YOU SHOULD HAVE LEARNED 

That anyone can perform optimization 

The definitions of objective function and decision variable 

That the general optimization procedure is base-case, topological, then parametric optimization 

The procedures for completing single-variable, two-variable, and multivariable optimization 

How optimization results should be represented 

How to approach the optimization of batch processes 
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SHORT ANSWER QUESTIONS 
1. Describe a Pareto analysis. When is it used? 


IB Ibo N be 


2. What is the difference between parametric optimization and topological optimization? List one example of each. 


3. What is an objective function? Give two examples of one. 
PROBLEMS 
4. In general, when using cooling water (cw) as a utility, the outlet temperature of the water leaving any process exchanger and 


returning to the cooling tower is limited to about 40°C to avoid excessive fouling in the process exchangers. In a series of 
laboratory experiments on fouling, the inlet cw temperature was fixed at 30°C, and the dimensionless fouling ratio was recorded 
for exit cooling water temperatures in the range of 36°C to 46°C. 

Cooling Water Exit Temperature, °CDimensionless Fouling Ratio 


36 1.11 
38 1.05 
40 1.00 
42 0.86 
44 0.74 
46 0.64 


The fouling ratio is simply the ratio of the time between scheduled cleanings of the exchanger tubes compared to the time 
required at 40°C. For example, if an exchanger with a cw exit temperature of 40°C requires cleaning once a year (12 months), 
then an exchanger with a cw exit temperature of 46°C requires cleaning every (0.64)(12) = 7.68 months. The advantage of using 
higher cw exit temperatures is that less cooling water flow is required; hence, the pumping costs for cw are lower. For a typical 
heat exchanger in a process with an exit cw temperature of 40°C, the yearly pumping and cleaning costs are $400/y and 
$2400/y, respectively. Using these costs and the information in the table above, determine the optimal cw exit temperature. 
Assume that the pumping costs are proportional to the flow of cooling water, that they include an amortized cost for the pump 
and the cost of electricity to run it, and that the cost of the heat exchanger is essentially unchanged for small differences in the 
cw exit temperature. 

5. Consider the removal of condensable components from the reactor effluent stream of an acetone production process, shown in 
Figure P14.5. The removal process consists of a cooling water exchanger and a refrigerated water (rw) exchanger, as shown in 
the figure. For this problem, assume that a downstream acetone stripper will not be used, and all acetone and isopropyl alcohol 


(IPA) in Stream 5 will be lost and not recovered. 


Figure P14.5 Recovery System for Problem 14.5 

The composition and conditions of Stream 3 are given in the following table. The pressure drop through each exchanger is 0.14 
bar. The purpose of the problem is to optimize the recovery of acetone and IPA in Stream 4 by determining the optimal size of 
heat exchanger E-403. The costs of E-402 and V-402 may be assumed to be fixed. Any acetone lost in Stream 5 should be 
valued at the equivalent cost of the IPA required to produce it, and the cost of IPA is given in Table 8.4. 

Properties of Stream 3 in Problem 14.5 


Temperature (°C) 160 
Pressure (bar) 1.91 
Vapor fraction 1.0 
Component mole flow (kmol/h) 
Hydrogen 34.78 
Acetone 34.94 
Isopropyl alcohol 3.86 
Water 19.04 


Determine the optimal recovery of IPA and acetone for this system using an objective function of the EAOC based on an 8000 h 
operating year. Any simulations should be carried out using a suitable process simulator using the UNIFAC K-value option and 
the latent heat enthalpy option. The overall heat transfer coefficient for E-403 may be taken as 200 W/m2K. Utility costs should 


be obtained from Chapter 8, and the cost of E-403 is approximated by the following equation: 
0.6 
Crm[$] = 10,000{ A[m?]} (P14.5) 


6. Consider the compression of feed air into a process that produces maleic anhydride, shown in Figure P14.6. The air enters the 
process at a rate of 10 kg/s at atmospheric pressure and 25°C. It is compressed to 3 atm in the first compressor. The compression 
is 65% efficient based on a reversible, adiabatic process. Prior to entering the second stage of compression (where the air is 
compressed to 9 atm at the same efficiency), the air flows through a water-cooled heat exchanger where the temperature is 
cooled to Tyi;.2. 

Tair2 


Figure P14.6 Two-Stage Compression for Problem 14.6 
Assume that frictional pressure drops in the connecting pipes and in the exchangers are negligible. For the design of the 
exchanger, assume that 


U = 42W/m?°C, Tew in = 30°C, andTew,out = 40°C 


For economic calculations, assume the following: 
The fixed capital investment is equal to the total module cost of the compressor (centrifugal), the compressor drive (electric), 
and heat exchanger (shell-and-tube, floating-head). The following equations should be used to evaluate these costs: 


Crm, compr [$] = 12,500{ P[kW}}°? (P14.6.1) 
Crm, drive [$] = 600{ P[KW]}°° (P14.6.2) 
Crm, ezen [$] = 2700{ A[m?]}°? (P14.6.3) 


Utility costs should be taken from Table 8.4, and use an electric drive efficiency of 95% and a 65% compressor efficiency. 

F factors should be calculated for the heat exchanger, and these will change as Tair,2 changes (see Chapter 15 for equations for 
F). 

Assume a hurdle rate of 8% and an equipment/project life of 5 years. 

Using results from a simulator, determine the optimum size (area) of the heat exchanger and the corresponding value of Tair,2. 
7. When pumping a liquid from one location to another, the diameter of the pipeline plays a critical role in determining the 
amount of power (electricity) required to pump the liquid. For a given flow of liquid, the amount of power required by the pump 
to move the liquid between locations decreases as the diameter of the pipe increases. However, the cost of the piping increases 
with diameter. Therefore, for a given flowrate of liquid and a given distance between locations, there exists an optimal pipe 
diameter that minimizes the cost of the system comprising the pump and pipe. 

It is required to find the optimal pipe diameter for a system through which 100,000 barrels per day of oil are pumped over a 
distance of 100 miles. 

The overall cost of the system includes the equipment costs (pump and piping), which are one-time purchases, and the operating 
cost (electricity for the pump), which occurs all the time. The time value of money must be taken into consideration when 
defining an objective function. For this project, it is desired to minimize the equivalent annual operating cost (EAOC) of the 
pump and piping system that is defined in Equation (P 14.7.1): 


2 
EAOC{[$/y] = X PC;[$](A/P, i, n)[1/y] + UC[S/y] (P14.7.1) 
i=1 
where PC; is the purchase cost of the pump and the pipe, and UC is the operating (utility) cost for the utilities (electricity to run 
the pump). Assume that the effective interest rate is 9% p.a. and that the length of the project, n, is 15 years. 
The relationships between the flowrate (Q) of oil, the pipe diameter (dpipe), and the power required for the pump (W pump) are 


32 fPQ? Lpipe 


25 
Epump™ pipe 


W pump = (P14.7.2) 


where p is the density of the fluid being pumped (930 kg/m3), and £pump is the efficiency of the pump (assume this is 85%, or 
0.85). Using SI units (m, s, kg), the units of power in Equation (P14.7.2) are Watts (W). Assume that the cost of electricity is 
$0.05/kWh, where a kWh is the energy used in one hour by a device consuming 1 kW. Assume that the pump operates 24 h per 


day 365 days per year. 
In Equation (P 14.7.2), the term f is the friction factor, which is a function of the flowrate and the pipe diameter and is given by 
Equation (P.14.7.3): 


A. gill Sf a (P14.7.3) 
JE | 3T Re hs 


4Q p . 
and u is the 
mdp’ aNd 


where e is the roughness of the pipe (assume a value of 0.045 mm), Re = Reynolds number = 


viscosity of the oil (assume u = 0.01 kg/m/s). 
The cost of the pump can be estimated using Equation (P 14.7.4): 


PCyump = $8000(W pump [kW]) (P14.7.4) 
The cost of piping is given by Equation (P14.7.5): 


PCpipe [8 / ft of pipe] = 10dpipe [inch] + 2d};5,, [inch] (P14.7.5) 
Present your final results as two plots. The first should show how each term in Equation (P 14.7.1) changes with dpjne (x-axis), 
and the second plot should show the EAOC (y-axis) as a function of dpipe (x-axis). Explain the reason for the trends seen in each 
of these plots. 
8. A liquid-phase biological reaction is used to produce an intermediate chemical for use in the pharmaceutical industry. The 
reaction occurs in a large, well-stirred bioreactor that is illustrated in Figure P14.8. Because this chemical is temperature 
sensitive, the maximum operating temperature in the reactor is limited to 65°C. The feed material is fed to the reactor through a 
heat exchanger that can increase the temperature of the reactants (contents of the reactor), which in turn increases the rate of the 
reaction. This is illustrated in Figure P14.8. The time spent in the bioreactor (space time) must be adjusted in order to obtain the 
desired conversion of reactant. As the temperature in the reactor increases, so does the reaction rate, and hence the size (and 
cost) of the reactor required to give the desired conversion decreases. It is desired to determine the optimal temperature at which 
to maintain the reactor (and to preheat the feed). The costs to be considered are the purchase cost of the reactor and heat 
exchanger and the operating cost for the energy to heat the feed. 


Heat Exchanger 


: Bioreactor 
(Tc =20°C) 


Reactant Feed 


Th2=30°C Th = 65°C 


Products 
Figure P14.8 Process Flow Diagram of the Feed Preheater and Bioreactor 


It is desired to optimize the preheat temperature for a flow of 5000 gal/h. The feed has the properties of water (p = 1000 kg/m’, 
Cp = 4.18 kJ/kg°C) and enters the heat exchanger at a temperature of 20°C. Reactor feed is to be heated with a heating medium 
that is available at a temperature of 65°C and must leave the heat exchanger at 30°C. Therefore, the desired reactor inlet 
temperature is adjusted by changing the flowrate of the heating medium. The physical properties of the heating medium are p = 
920 kg/m, and C, = 2.2 kI/kg°C. 

The reaction rate for this reaction, —r4, is given in terms of the concentration of reactant A (C4) by the following equation: 


i ha (P14.8.1) 
where 
ks] = 7exp {-2} (P14.8.2) 


The design equation for the reactor is given by 


UXA 
~~ k(1-X4) 


(P14.8.3) 


where V is the reactor volume (mî), vo is the volumetric flowrate of fluid into the reactor (m?/s), and X; is the conversion 
(assumed to be 80%, or 0.8, for this reaction). 
The design equation for the heat exchanger is given by 


Q = M:Cp e (Te2 — Te) = Mr Cph (Th — Th) = VAFATim (P14.8.4) 
where 
— Th2-Te,1)—-(Th,1 -Te,2) 
AT im = (Th,2—Te,1) (P14.8.5) 
(Thi -Te,2) 
and 


F = 0.8 (assume that this is constant for all cases) 
U = overall heat transfer coefficient = 400 W/ mK 


The optimal reactor inlet temperature is the one that minimizes the equivalent annual operating costs (EAOC) given by 
2 
EAOCTS/y] = X. PC;[$](A/P, i, n)[1/y] + UCTS/y] (P14.8.6) 
i=l 


where PC; is the purchase equipment cost for the heat exchanger and reactor and UC is the operating (utility) cost for the 
heating medium. For this problem use i = 7% p.a. and n = 12 years. 
The purchase cost of the reactor is given by 


PCyeactor = $20,000V°** (P14.8.7) 
where V is the volume of the reactor in m>. The cost of the heat exchanger is 
PCeschanger = $12,000{ A[m?]} "T (P14.8.8) 
where A is the area of the heat exchanger in m?. The cost of the heating medium is 
UC|$/h] = $5 x 10° Q[kJ /h] (P14.8.9) 


Present your final results as two plots. The first should show how each term in Equation (P 14.8.6) changes with T, 2, and the 
second plot should show the EAOC (y-axis) as a function of T, (x-axis). Explain the reason for the trends seen in each of these 
plots. 

9. A typical binary distillation column and related equipment are shown in Figure P14.9. 
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Figure P14.9 Illustration of the Main Pieces of Equipment Used in Distillation 

When designing distillation columns, it is common to optimize the column using the reflux ratio, R, as the decision variable. 
The overall cost of building the column and running it must be considered when optimizing the design. The capital investment 
(cost) for the equipment includes the cost of the column plus the costs of the reboiler, condenser, reflux drum, and reflux pump. 
For this project consider only the costs of the column and the two heat exchangers (reboiler and condenser). The operating costs 
include the cost of the cooling medium (water) for the condenser and the heating medium (steam) for the reboiler. Because the 
equipment costs are one-time purchase costs and the operating costs (steam and water) occur all the time, the time value of 
money must be taken into consideration when defining an objective function. For this project it is desired to minimize the 
equivalent annual operating cost (EAOC) of the column that is defined in Equation (P14.9.1): 


3 2 
EAOC [$/y] = Dy PC; [$] (A/P, i, n) [1/y] + > UC; [$/y] (P14.9.1) 


where PC; is the purchase cost of the column and heat exchangers, and UC; is the operating (utility) cost (cooling water and 
steam). Assume that the effective interest rate, i, is 8% p.a. and that the length of the project, n, is 10 years. 

It is desired to optimize a distillation column (calculate the value of R that minimizes the EAOC) to separate 1000 kmol/h of an 
equal molar feed of benzene and toluene into a top product containing 99.5 mol% benzene with a recovery of benzene of 98%. 
The recovery of benzene refers to the ratio of total amount (kmol) of benzene in the top product to that entering in the feed. The 
column is to operate at a pressure of 1 atm. y; is defined as the mole fraction of benzene in the top stream, and x; as the mole 
fraction of benzene in the bottom stream. 

The relationship between the reflux ratio, R, and the number of stages or trays i, the column, N, is given by the following 


relationships: 
yi l-z 
N. in { ie (P14.9.2) 
min Ina 
y = A Nmn, (P14.9.3) 


Rmin = 4 (P14.9.4) 


a—1 
X= “pen (P14.9.5) 
Y =1-— exp { eae | [h (P14.9.6) 


where a is the relative volatility of the benzene with respect to the toluene, which is equal to 2.3 for this system. 
The costs of utilities for the overhead condenser (cooling water = cw) and reboiler (steam) are given by 


UC cw [$/h] = $3.54 x 10-7 VAy (P14.9.7) 
UC steam [$/h] = 20U Cow [$/h] (P14.9.8) 


where Zy is the latent heat of vaporization (kJ/kmol) of benzene at its normal boiling point, and V (kmol/h) is the total vapor flow 
from the top of the column. The purchase cost of the column is given by 


PC eo, = $10,000V 2 (P14.9.9) 


col 


where V..;= pD*L/4 is the volume of the column in m? and D[m] and L[m] are the diameter and height of the column, 
respectively. The diameter and height of the column are given by 


D{m] = 0.15(V [kmol/h])°° (P14.9.10) 
Lim] = N (P14.9.11) 


The purchase costs of the condenser and reboiler may be taken as 10% and 20% of the cost of the column, respectively. 

Present your final results as two plots. The first should show how each term in Equation (P 14.9.1) changes with R/Rmin, and the 
second plot should show the EAOC (y-axis) as a function of R/Rmin (x-axis). Explain the reason for the trends seen in each of 
these plots. 

10. A chemical process recovers heat by transferring energy from a gas stream to a cold brine stream. During the heating of the 
brine, salts deposit on the heat-exchanger surfaces and cause significant fouling. The consequence of this fouling is that the heat 
transferred to the brine is reduced, causing additional heat, in the form of condensing steam, to be required later on in the 


process. A portion of a process flow diagram is shown in Figure P14.10. 
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Figure P14.10 Brine Heating Process 
It is known that the heat transfer coefficient for a brine/gas heat exchanger changes as the following function of time: 


U = 75 (1 — 0.12t) W/m? °C 


where ¢ is the time in months after cleaning the heat exchanger, and U is the overall heat transfer coefficient. 

The cost of cleaning the exchanger is $15,000, but there is no downtime for the process. At design conditions (unfouled 
exchanger surface), the flow of gas (c, = 800 J/kg°C) is 40,000 kg/h, and the flow of brine (c, = 4000 J/kg°C) is 14,000 kg/h. 
The gas enters the heat exchanger at a temperature of 110°C and leaves at 75°C. The brine enters the exchanger at 40°C and 
leaves at 60°C. The exchanger has an LMTD correction factor F = 0.9, which may be assumed not to change during the fouling 
process. If the flows and inlet temperatures of the streams remain constant, what is the optimal cycle time for cleaning the heat 
exchanger? Assume that as the brine outlet temperature drops from 60°C due to the fouling of the exchanger surface, additional 


low-pressure steam at a cost of $8.00/GJ is used to heat the brine back to 60°C. 
11. Consider the determination of the optimal cycle time for a batch reactor similar to that covered in Example 14.7. Repeat the 
analysis using the following parameters: 


V = 7m? 
C49 = 3kmol/m? 
k = 0.153h* 
tclean = 1.5h 
xz = $350/kmol 
y = $200/kmol 
Clean = $800 


12. Consider the problem given in Example 14.7 for the case when the reaction is 2A—B and the reaction is second order with 
respect to A. Derive an expression, similar to Equations (14.17) and (14.18), for the optimal cycle time in terms of the relevant 
parameters. 

13. Consider the following batch sequencing problem: 

Two chemicals A and B are to be produced. Each chemical requires the use of a mixer/reactor and a separator unit. The amount 
of each product made in a batch is the same. The times required to make each chemical along with the value of each chemical 
are given in the table below. 

Process Unit Process to Make AProcess to Make B 


Mixer/reactor 6h 8h 
Separator 7h 6h 
Value of product$2.3/kg $4.0/kg 
Cost of feed $0.35/kg $1.25/kg 


Marketing predictions and forecasting suggest that any amount of A can be sold but that a maximum of 250 batches of B can be 
sold in a year. 

Ignoring scheduling issues and assuming that both pieces of equipment can be run for all 8760 hours in a year, determine the 
optimal mix of Products A and B. 

There is virtually no product storage available in the current plant, and once a batch is made it is sent directly to a tank car and 
shipped out. Can the answer from Part (a) be accommodated taking into account the scheduling of products without intermediate 
storage and without using single-product campaigns for A and B (see Chapter 3 for a discussion and an explanation of 
campaigns)? If the answer is no, then determine the optimum schedule and maximum profit. 

Would your answers from Parts (a) and (b) change if there were no restriction on the amount of B that could be produced and 
sold? 

14. Consider the problem described in the table below in which Products A, B, and C are made. The amount of each product 
made per batch is the same. 

Time in Reactor Time in Separator 1 Time in Separator 2 Value of Product ($/kg Cost of Feed ($/kg 


PEIN i (h) (h) Product) Product) 
A 15 10 8 1.35 0.25 
B 7 7 6 0.97 0.27 
c 25 5 2 1.41 0.23 


At least 50 batches of each product must be produced in a year, and each piece of equipment is available for the same 8000 
hours a year. 

Ignoring scheduling issues, determine the optimal mix of Products A, B, and C. 

Can the answer from Part (a) be accommodated taking into account the scheduling of products without intermediate storage and 
without using single-product campaigns? (See Chapter 3 for a discussion and explanation of campaigns.) 

15. Perform a parametric optimization for the second distillation column, T-202, in the DME process, Figure B.1.1, using reflux 
ratio and pressure as the independent variables and NPV as the objective function. You should follow the approach used in 
Section 14.4.2, which considered the first column, T-201, for this process. 

16. For the DME process shown in Figure B.1.1, complete a parametric optimization for both columns when the order of 
separation is reversed. This means that the first column will remove water as a bottoms product and the second column will 
separate DME from methanol. The approach used in Problem 14.15 should be followed here, with pressure and reflux ratio used 
as the independent variables and NPV as the objective function. Compare the results from Problem 14.15 with your results from 


this problem to determine which separation sequence for the DME process is better. 

17. For the DME column (T-201), find the operating pressure at which a switch from medium-to low-pressure steam (for use in 
the reboiler, E-204) yields an improvement in the NPV. Refer to Section 14.4.2 for a discussion of what costs to consider for 
this problem. 


Chapter 15: Pinch Technology 


WHAT YOU WILL LEARN 


Pinch technology involves heat or mass integration. 


There are procedures for obtaining the “optimum” heat integration or 
mass integration network, and these methods are closely related. 


A method to design the minimum utility heat exchanger network using 


the minimum number of heat exchangers. 


15.1 INTRODUCTION 


Whenever the design of a system is considered, limits exist that 
constrain the design. These limits often manifest themselves as 
mechanical constraints. For example, a distillation of two 
components that requires 400 equilibrium stages and a tower 
with a diameter of 20 m would not be attempted, because the 
construction of such a tower would be virtually impossible with 
current manufacturing techniques. A combination of towers in 
series and parallel might be considered but would be very 
expensive. These mechanical limitations are often (but not 
always) a result of constraints in the process design. The 
example of the distillation column given above is a result of the 
difficulty in separating two components with similar volatility. 
When designing heat exchangers and other unit operations, 
limitations imposed by the first and second laws of 
thermodynamics constrain what can be done with such 
equipment. For example, in a heat exchanger, a close approach 
between hot and cold streams requires a large heat transfer 
area. Likewise, in a distillation column, as the reflux ratio 
approaches the minimum value for a given separation, the 
number of equilibrium stages becomes very large. Whenever the 
driving forces for heat or mass exchange are small, the 
equipment needed for transfer becomes large and it is said that 
the design has a pinch. When considering systems of many 
heat-or mass-exchange devices (called exchanger networks), 
there will exist somewhere in the system a point where the 
driving force for energy or mass exchange is a minimum. This 
represents a pinch or pinch point. The successful design of these 
networks involves defining where the pinch exists and using the 
information at the pinch point to design the whole network. 
This design process is designated as pinch technology. 


The concepts of pinch technology can be applied to a wide 
variety of problems in heat and mass transfer. As with other 
problems encountered in this text, both design and performance 
cases can be considered. The focus of this chapter is on the 
implementation of pinch technology to new processes for both 


heat-exchanger networks (HENs) and mass-exchange networks 
(MENs). Retrofitting an existing process for heat or mass 
conservation is an important but more complicated problem. 
The optimization of such a retrofit must consider the reuse of 
existing equipment, and this involves extensive research into 
the conditions that exist within the process, the suitability of 
materials of construction to new services, and a host of other 
issues. By considering the design of a heat- (or mass-) exchange 
network for existing systems, the solution that minimizes the 
use of utility streams can be identified, and this can be used to 
guide the retrofit to this minimum utility usage goal. 

The approach followed in the remainder of this chapter 
consists of establishing an algorithm for designing a heat- 
(mass-) exchanger network that consumes the minimum 
amount of utilities and requires the minimum number of 
exchangers (MUMNE). Although this network may not be 
optimal in an economic sense, it does represent a feasible 
solution and will often be close to the optimum. 


15.2 HEAT INTEGRATION AND 
NETWORK DESIGN 


Even in a preliminary design, some form of heat integration is 
usually employed. Heat integration has been around in one 
form or another ever since thermal engineering came into 
being. Its early use in the process industries was most apparent 
in the crude preheat trains used in oil refining. In refineries, the 
thermal energy contained in the various product streams is used 
to preheat the crude prior to final heating in the fired heater, 
upstream of the atmospheric column. Because refineries often 
process large quantities of oil, product streams are also large 
and contain huge amounts of thermal energy. Even when 
energy costs were very low, the integration of the energy 
contained in process streams made good economic sense and 
was therefore practiced routinely. 


The growing importance of heat integration in the chemical 
process industries (CPI) can be traced to the large increase in 
the cost of fuel/energy starting in the early 1970s. The 
formalization of the theory of heat integration and pinch 
technology has been attributed to several researchers: Linnhoff 
and Flower [1], Hohmann [2], and Umeda et al. [3]. The 
approach used here follows that given by Douglas [4], and the 
interested student is encouraged to study this reference for 
additional insight into the broader concepts of energy 
integration. 

It was shown in Chapter 2 that, as the process flow diagram 
(PFD) evolves, the need to heat and cool process streams 
becomes apparent. For example, feed usually enters a process 
from a storage vessel that is maintained at ambient 
temperature. If the feed is to be reacted at an elevated 
temperature, then it must be heated. Likewise, after the reaction 


has taken place, the reactor effluent stream must be purified, 
which usually requires cooling the stream, and possibly 
condensing it, prior to separating it. Thus, energy must first be 
added and then removed from the process. The concept of heat 
integration, in its simplest form, is to find matches between 
heat additions and heat removals within the process. In this 
way, the total utilities that are used to perform these energy 
transfers can be minimized, or rather optimized. Example 15.1 is 
presented to give the reader insight into the rationale for heat 
and energy integration. 


Example 15.1 


Figure E15.1 shows two configurations for the DME 
reactor feed and effluent heat-exchange system. In both 
cases the feed enters from the left at 154°C; it is heated to 
250°C prior to being fed into the adiabatic catalytic 
reactor, R-201. The same amount of reaction takes place 
in both configurations, and the reactor effluent is then 
cooled to 100°C prior to entering the separation section 
of the process. The only difference between the two 
systems is the way in which the heat exchange takes 
place. In Figure E15.1(a) the feed is heated with high- 
pressure steam and the effluent is cooled with cooling 
water. However, this does not make good economic 
sense. Because heat is generated in the reactor, it would 
be better to use this heat from the reaction to heat the 
reactor feed. This is what is done in Figure E15.1(b). The 
reactor effluent is partially cooled by exchanging heat 
with the cool, incoming feed. Compared with the 
configuration of Figure E15.1(a), the heat integration 
saves money in two ways: (1) the cooling water utility is 
reduced and the high-pressure steam is eliminated, and 
(2) heat exchanger E-203 is smaller because the duty is 
reduced, and E-202 is also smaller since hps condenses 
at 254°C, which means the AT driving force in the 
original E-202 exchanger is very small and the area is 
large. The economics for the two exchangers and utilities 
for both cases for a 10% discount rate and a 10-year plant 
life are summarized in Table E15.1. 


(a) 


E-203 


250 


(b) R-201 


100 


154 


E-203 


Figure E15.1 DME Reactor Feed and Effluent Heat- 
Exchange System (a) without Heat Integration and (b) 
with Heat Integration 


Table E15.1 Cost Comparison for Example 15.1 
(Costs from 2012) 


No Heat With Heat 
Integration Integration 
Fixed capital $346,000 $244,600 
investment 
Cost of utilities —$210,000/y —$36,820/y | 
Net present value —$1,636,000 —$471,000 


The savings received over the life of the plant by using 
heat integration are (—471,000 + 1,636,000) = 
$1,165,000! 


From Example 15.1, it should be apparent that considerable 
savings are achieved by integrating heat within the process. 
Rather than trying to implement this heat integration on an ad 
hoc basis, as in Example 15.1, a formal way of approaching these 
types of problems is presented. 

The general algorithm is presented to give the minimum 


number of exchangers requiring the minimum utility 
requirements for a given minimum approach temperature. The 
algorithm to solve the minimum utility (MUMNE) problem 
consists of the following steps: 

1. Choose a minimum approach temperature. This is part of a parametric 


optimization (see Chapter 14), because for every minimum approach 
temperature a different solution will be found. 


2. Construct a temperature interval diagram. 


3. Construct a cascade diagram and determine the minimum utility 
requirements and the pinch temperatures. 


4. Calculate the minimum number of heat exchangers above and below the 
pinch. 


5. Construct the heat-exchanger network. 


It is important to remember that the object of this exercise is 
to obtain a heat-exchanger network that exchanges the 
minimum amount of energy between the process streams and 
the utilities and uses the minimum number of heat exchangers 
to accomplish this. This network is almost never the optimum 
economic design. However, it does represent a good starting 
point for further study and optimization. 

Each of the five steps given above is considered in detail as 
illustrated in Example 15.2. 


Example 15.2 


In a process, there are a total of six process streams that 
require heating or cooling. These are listed in Table E15.2 
along with their thermal and flow data. A stream is 
referred to as “hot” if it requires cooling, and “cold” if it 
requires heating. The temperature of the stream is not 
used to define whether it is “hot” or “cold.” 


Table E15.2 Thermal Data for Streams 
Considered in Example 15.2 


Stream ConditionFlowrate, Cp mCpy Tin (°C) Tout available 

No. m (kg/s) (kJ/kg (kW/ (°C) (kW) 
°C) °C) 

1 Hot 10.00 0.8 8.0 300 150 1200 | 

2 Hot 2.50 0.8 2.0 150 50 200 | 

3 Hot 3.00 1.0 3.0 200 50 450 | 
4 Cold 6.25 0.8 5.0 190 290 - 
500 
5 Cold 10.00 0.8 8.0 90 190 - 
800 
6 Cold 4.00 1.0 4.0 40 190 — 
600 

| 


Total —50 


For this system, design the MUMNE network. 


It should be noted that the overall heat balance for these 
streams yields a net enthalpy change of 50 kW. This does not 
mean that a heat-exchanger network can be designed to 
exchange heat between the hot and cold streams by receiving 
only 50 kW from a hot utility. This is because the analysis takes 
into account only the first law of thermodynamics, that is, an 
enthalpy balance. In order to design a viable heat-exchanger 
network, it is also necessary to consider the second law of 
thermodynamics, which requires that thermal energy (heat) 
only flow from hot to cold bodies. As a consequence, the utility 
loads will, in general, be significantly higher than those 
predicted by a simple overall enthalpy balance. 


Step 1: Choose a Minimum Approach Temperature. 
This represents the smallest temperature difference that two 
streams leaving or entering a heat exchanger can have. Typical 
values are from 5°C to 20°C. The value 10°C is chosen for this 
problem, noting that different results will be obtained by using 
different temperature approaches. The range of 5°C to 20°C is 
typical but not cast in concrete. Indeed, any value greater than 
zero will yield a viable heat-exchanger network. The effect of 
using different minimum approach temperatures on the 
economics of the process will be discussed in a later section. But 
the economic trade-offs are straightforward. As the minimum 
approach temperature increases, the heat transfer area for the 
process heat exchangers decreases, but the loads on the hot and 
cold utilities increase. Therefore, capital investment decreases 
but the operating costs increase. Methods for estimating the 
total surface area of the exchanger network and the equivalent 
annual operating cost of the network are discussed in a later 
section. 


Step 2: Construct a Temperature Interval Diagram. 
In a temperature interval diagram, all process streams are 
represented by a vertical line, using the convention that hot 
streams that require cooling are drawn on the left-hand side 
and cool streams requiring heating are drawn on the right. The 
left-and right-hand axes are shifted by the minimum 
temperature difference chosen for the problem, with the right- 
hand side being shifted down compared with the left. The 
temperature interval diagram for Example 15.2 is shown in 
Figure 15.1. In Figure 15.1, each process stream is represented 
by a vertical line with an arrow at the end indicating the 
direction of temperature change. Horizontal lines are then 
drawn through the ends of the lines and divide the diagram into 
temperature intervals. For this problem, there are four 
temperature intervals. The net amount of available energy from 
all the streams in a given temperature interval is given in the 


right-hand column. The convention of (+) for excess energy and 
(—) for energy deficit is used. Thus, if the right-hand column 
contains a positive number for a given temperature interval, 
this implies that there is more than enough energy in the hot 
streams to heat the cold streams in that temperature interval. In 
addition, because the cold streams have been shifted down by 
the minimum approach temperature, energy can flow from left 
to right within a given temperature interval without violating 
the second law of thermodynamics or the minimum 
temperature approach constraint. The summation of the 
numbers in the right-hand column is the net deficit or surplus 
enthalpy for all the streams, which for this example is —50 kW. 


Stream 1 2 3 4 5 6 
mC, 8.0 2.0 3.0 5.0 8.0 40 kW/°C 
mC, AT 
300°C 290°C (kW) 
A 300 
200°C 190°C 
B -50 
150°C 140°C 
c -350 
100°C - - - 90°C 
50 
D 
50°C 40°C 
50 


Figure 15.1 Temperature Interval Diagram for Example 15.2 


Step 3: Construct a Cascade Diagram. The next step in 
the MUMNE algorithm involves constructing a cascade diagram 
like the one illustrated in Figure 15.2. The cascade diagram 
simply shows the net amount of energy in each temperature 
interval. Because energy can always be transferred down a 
temperature gradient, if there is excess energy in a given 
temperature interval, this energy can be cascaded down to the 
next temperature level. It should be noted that for systems in 
which only thermal energy is being transferred, excess energy 
cannot be transferred upward to a higher temperature interval. 
This is a result of the second law of thermodynamics—that 
transfer of energy up a temperature gradient is possible only if 
work is done on the system, for example, if a heat pump is used. 
Energy continues to be cascaded in this manner, and the result 
is shown in Figure 15.2. From the cascade diagram, it is evident 
that there is a point in the diagram at which no more energy can 
be cascaded down, and that energy most often must be supplied 
from the hot utility to the process. This point is represented by 
line a-b in the diagram. Below this line, the cascading process 
can continue; but, again, at some point, excess heat must be 
rejected from the process to the cold utility. The line a—b is 
termed the pinch zone or pinch temperature. By following 
the procedure described above, the minimum energy is 
transferred from the hot utility to the process and from the 
process to the cold utility. The proof of this is straightforward 
and is illustrated in Figure 15.3. Consider the situation in Figure 


15.2 but now consider an additional transfer of energy, Q, from 
the hot utility to the process above the pinch. This energy must 
be cascaded down through the pinch and rejected from the 
process to the cold utility. This must be true, since a first-law 
balance on the system requires that the difference between the 
hot and cold utility demands be constant and equal to the 
difference in total enthalpies between the hot and cold streams 
(—50 kW for this example). Therefore, if heat is transferred 
across the pinch zone, the net result will be that more heat will 
have to be added from the hot utility and rejected to the cold 
utility. The criterion of not transferring energy across the pinch 
zone and cascading energy whenever possible guarantees that 
the energy requirements to and from the utilities will be 
minimized. From Figures 15.2 and 15.3, it can be concluded that 
the minimum utility requirements for this problem are 100 kW 
from the hot utility and 50 kW to the cold utility, with the net 
difference equal to —50 kW, which is consistent with the overall 
enthalpy balance. The pinch temperatures are 100°C and 90°C 
for the hot and cold streams, respectively. 
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Figure 15.2 The Cascade Diagram for Example 15.2 
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Figure 15.3 The Effect of Transferring Energy through the 
Pinch 


To minimize the hot and cold utility requirements, 
energy should not be transferred across the pinch. 


At this point, it is important to note that not all problems 
have a pinch condition. The cascade diagrams for two situations 
that do not have a pinch are illustrated in Figure 15.4. In Figure 
15.4(a), heat is only cascaded downward or rejected to the cold 
utility. The conditions of the hot and cold streams are such that 
after cascading energy downward, either there is an excess of 
energy or the energy is exactly balanced in every temperature 
interval. In this situation, there is no need to supply energy 
from the hot utility to the process. In Figure 15.4(b), the 
opposite situation exists. In this case, heat is only cascaded 
downward or supplied from the hot utility. The conditions of 
the hot and cold streams are such that after cascading energy 
downward, either there is an energy deficit, or the energy is 
exactly balanced in every temperature interval. In this situation, 
there is no need to reject energy from the process to the cold 
utility. Although much of the remaining discussion focuses on 
processes that have a pinch, the approach for designing the 
MUMNE network remains essentially the same. 


Hot Utility 
Cold Utility 
Hot Utility 

Cold Utility 


Figure 15.4 Examples of Cascade Diagrams for Problems 
without a Pinch 


Step 4: Calculate the Minimum Number of Heat 
Exchangers. Once the pinch temperatures have been found 
from Step 3, it is necessary to find the minimum number of heat 
exchangers required to carry out the heat transfer for the 
minimum utility design. From this point on, the heat transfer 
problem will be split into two, and above and below the pinch 
will be considered as separate systems. 


Above the Pinch. The easiest way to determine the 
minimum number of heat exchangers required is to draw boxes 
representing the energy in each hot and cold process stream and 
the hot utility as shown at the top of Figure 15.5. Energy is now 
transferred from the hot streams and hot utility to the cold 
streams. These energy transfers are indicated by lines, with the 


amount of energy transferred shown to the side of the lines. 
Clearly, all the energy in the hot streams and utilities must be 
transferred to the cold streams. For each line drawn, one heat 
exchanger is required; thus, by minimizing the number of lines, 
the number of heat exchangers is minimized. It should be 
pointed out that although the number of heat exchangers equals 
the number of connecting lines, the lines drawn at this stage 
may not represent actual heat exchangers. The actual design of 
an exchanger network is covered in Step 5. 


Above the Pinch 


Minimum Number of Exchangers, N mina = 5 


Below the Pinch 


Minimum Number of Exchangers, Nminb = 3 


Figure 15.5 Calculation of Minimum Number of Exchangers 
for Example 15.2 


Below the Pinch. The same method is used to calculate 
the minimum number of exchangers below the pinch. The 
diagrams for above and below the pinch are shown in Figure 
15.5, and from this it can be seen that five exchangers are 
required above the pinch and three below the pinch, or a total of 
eight heat exchangers for the entire network. 

From Figure 15.5, it can be seen that above the pinch, the 
problem is split into two subproblems. This split is possible 
because the energy in two of the hot streams (Streams 2 and 3) 
exactly matches the energy requirement of one of the cold 
streams (Stream 6). Below the pinch, such a partition of the 
problem is not possible. Such exact matches between groups of 
hot and cold streams are often not possible, and if such matches 
do not exist, then for a given problem, above or below the pinch, 
the following relationship can be written: 


Min. No. of exchangers = No. of hot streams + No. of cold streams + 
No. of Utilities — 1 
(15.1) 


The result in Equation (15.1) is consistent with the result in Figure 15.5 for below the pinch. For above the pinch, Equation 
(15.1) gives six exchangers, which is one more than shown in Figure 15.5 because of the exact match mentioned previously. 
For systems without a pinch, the same approach for the minimum number of exchangers as described above can be used, but the 
problem no longer needs to be split into two parts. For the case considered here, assuming that the problem did not have a pinch 
(and hence only one utility is required) and that Equation (15.1) is applicable, 


Minimum number of exchangers = 3+ 3+1-1=6 


Step 5: Design the Heat-Exchanger Network. Again, the systems above and below the pinch are considered separately. 
Design above the Pinch. To start, draw the temperature interval diagram above the pinch, Figure 15.6(a). The algorithm used to 
design the network starts by matching hot and cold streams at the pinch and then moving away from the pinch. The stream 
matches will not necessarily be the same as in Figure 15.5, because the second law of thermodynamics and the 10°C approach 


constraint were not considered. 
Stream 1 2 3 4 5 6 


(d) 
Figure 15.6 Design of Heat-Exchanger Network above the Pinch Zone for Example 15.2 


Design at the Pinch. For streams at the pinch, match streams such that MCp hot < MCp cold: Using this criterion ensures that 


AT min from Step 1 is not violated. Figure 15.6(a) shows that Stream 2 or 3 can be matched with Stream 5 or 6. Note that, for this 
step, only streams that are present at the pinch temperature are considered. The next step is to transfer heat from the hot streams 
to the cold streams by placing heat exchangers in the temperature diagram. This step is shown in Figure 15.6(b). There are two 
possibilities when matching streams at this point: heat can be exchanged between Streams 2 and 5 and between Streams 3 and 6, 
or heat can be exchanged between Streams 2 and 6 and between Streams 3 and 5. Only the first combination is shown in Figure 
15.6(b). A heat exchanger is represented by two circles connected by a solid line; each circle represents a side (shell or tube) of 
the exchanger. It is important to exchange as much heat between streams as possible. The temperatures of the streams entering 
and leaving the exchangers are calculated from an enthalpy balance. For example, consider the enthalpy change of Stream 5 as it 
passes through Exchanger 1. The total heat transferred is Q1 = (ncp), AT = (2)(150 — 100) = 100k W and 

MCp 5 = 8kW / Š C; therefore, the temperature change for Stream 5, AT; = 100/8 = 12.5°C. Thus, the temperature change for 
Stream 5 through Exchanger 1 is 90°C to 102.5°C, as shown in Figure 15.6(b). 

Design away from the Pinch. The next step is to move away from the pinch and look at the remaining hot and cold streams. 
There are several ways in which heat may be exchanged from Stream 1 (the only remaining hot stream) and the three cold 
Streams 4, 5, and 6. The criterion for matching streams at the pinch that was used in the previous step (i.e., 

MCp hot < MCy cold) does not necessarily hold away from the pinch; however, it is important to make sure that when the 
network is designed the following constraints are not violated: 

A minimum approach temperature of 10°C, set in Step 1, is used throughout the design. 

Only five exchangers are used for the design above the pinch, as calculated in Step 3. 

Heat is added from the coolest possible source. (This is explained in more detail in the section on problems with multiple 
utilities.) 

The matching of streams and the final design of the network is shown in Figure 15.6(d). From this figure, it is clear that there is 
a design with five heat exchangers, the minimum approach temperature is nowhere less than 10°C, and that heat is added to the 
process (Qp) at the lowest temperature consistent with this system, that is, 190°C. 

Design below the Pinch. The approach for the design below the pinch is similar to that described for above the pinch. Start at 
the pinch and match streams, and then move away from the pinch and match the remaining streams. The temperature interval 
diagram below the pinch is shown in Figure 15.7(a). 
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Split stream 6 into 2 equal parts 
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(d) 
Figure 15.7 Design of Heat-Exchanger Network below the Pinch Zone for Example 15.2 
Design at the Pinch. For streams at the pinch, match streams such that MCp hot > MCp cold: Using this criterion ensures that 
AT nin from Step 1 is not violated. Figure 15.7(a) shows that for the three streams at the pinch this criterion cannot be met. This 


problem can be overcome by splitting the cold Stream 6 into two separate streams. However, before considering this, examine 
what happens by trying to match streams that violate the condition of MCp hot > MCy cold- In Figure 15.7(b), Stream 2 is 
matched with Stream 6. The net result is impossible because it would cause a temperature cross in the exchanger, and that 
violates the second law of thermodynamics. To maintain the minimum temperature approach set in Step 1, Stream 6 is split into 
two equal streams, each having an MCp = 2.0. These split streams can now be matched with hot Streams 2 and 3 without 
violating the criterion above. The net result is shown in Figure 15.7(c), from which it can be seen that the minimum temperature 
difference is always greater than or equal to 10°C. It should be noted that Stream 6 could be split in a number of ways to yield a 
viable solution. For example, it could be split into streams with values of 3 and 1. It is also noted that stream splits are, in 
general, not necessarily integer values. 

Design away from the Pinch. The final step is shown in Figure 15.7(d), where the third exchanger is added to transfer the 
excess heat to the cold utility. 

The final heat-exchanger network is shown in Figure 15.8. The exchangers are represented by single circles, with fluid flowing 
through both sides. This network has the minimum number of heat exchangers, eight, for the minimum utility requirements, Qy 
= 100 kW and Qc = 50 kW, using a minimum approach temperature, AT = 10°C. As mentioned earlier, different results will be 
obtained by using different minimum approach temperatures. 


Streams 1 3 2 


300 200 150 


Figure 15.8 MUMNE Network for Example 15.2 
To this point, the emphasis has been on the topology of the exchanger network, that is, the interaction between the different 


streams required to give the minimum utility case. In order to complete the design, it is necessary to estimate the heat transfer 
area of the exchanger network, which in turn allows a capital cost estimate to be made. If heat transfer coefficients for the heat 
exchangers in Figure 15.8, including appropriate fouling coefficients, are known, then the size of the exchangers can be 
calculated. Film heat transfer coefficients may be estimated using typical values from Table 11.11, previous data on similar 
streams, published data on similar streams, or values calculated from standard methods. For example, the Sieder-Tate equation 
[5] could be used for the tube side and the Donahue equation [6] for the shell side, along with the fluid properties and typical 
fluid velocities. The heat transfer areas calculated from such estimates will give a good indication of the heat transfer areas 
required for the overall exchanger network. Such data are suitable for cost estimates using the CAPCOST program. This 
procedure is illustrated in Examples 15.3 and 15.4. 

Example 15.3 

An estimate of the individual film heat transfer coefficients for the hot and cold streams in Example 15.2 are given in Table 


E15.3. These film coefficients include appropriate fouling factors for the streams. 
Table E15.3 Film Heat Transfer Coefficients for Streams in Example 15.2 
StreamFilm Heat Transfer Coefficient, W/m2°C 


1 400 
2 270 
3 530 
4 100 
5 250 
6 80 


Using the information in Table E15.3, calculate the heat transfer areas for the process-process heat exchangers given in the 
exchanger network shown in Figure 15.8. 

Solution 

Consider Exchanger 1 in Figure 15.6. The design equation is given as 


Qı 


A, = — > 
U1 ATim 1 Fi 


where F} is the log-mean temperature correction factor for Exchanger 1. Assume a value of 0.8 for the calculations. A 
discussion of F factors follows in a later section and in Chapter 20. The data given in Figure 15.6 give 


= (150-102.5)—(100-90) 475-10 __ ‘ 
ATim,1 = In 130=102.5 hi = 24.1°C 
100—90 ET 
U, = —+— = 129.8W /m?°C 
20 T 350 


Substituting this information in the design equation gives the following: 


3 
Ape 0 = 39.96 = 40.0m? 
(129.8)(24.1) (0.80) 


This procedure can be repeated for all the process heat exchangers in the network, namely Exchangers 1, 2, 3, 4, 6, and 7. These 
results are summarized in the following table: 
ExchangerA Tm (°C)U (W/m°C)Q (kW)F A (mô 


1 24.1 129.8 100 0.840.0 
2 20.0 69.5 300 0.8270.3 
3 47.5 153.8 700 0.8119.7 
4 24.1 80.0 500 0.8324.6 
6 10.0 61.7 100 0.8202.5 
7 17.0 69.5 100 0.8105.8 
Total 1063.0 


Example 15.4 

For Example 15.3, estimate the heat-exchanger area needed for the utility exchangers, that is, Exchangers 5 and 8 in Figure 
158. 

Solution 

Exchanger 5 

For this exchanger, the temperature of the cold stream, Stream 6, must be increased from 165°C to 190°C. This requires a hot 
utility such as steam. Clearly, the correct pressure of steam to use is the lowest one available that gives a temperature driving 
force of at least 10°C (for this case). A review of Table 8.4 shows that only high-pressure steam is hot enough to heat Stream 6. 
A film coefficient of 2000 W/m?°C is assumed for condensing steam. In addition, assuming that no desuperheating or 
subcooling occurs, the steam condenses at a constant temperature, and therefore the F correction factor is equal to 1. Hence, 


__ (255-165)—(255-190) gh o 
ATin,5 = o a5) o n 76.8°C 
A 255—190) ee 
Us = 1 = 76.9W/m?*C 
2o00 30 
3 
Ae Qs __100x10"__ _ 16 9m? 


U; ATims F;  (76.9)(76.8)(1.0) 


Exchanger 8 

For this exchanger, the temperature of the hot stream must be decreased from 66.7°C to 50°C. This can be accomplished using 
cooling water. It is assumed that cooling water is available at 30°C and must be returned at 40°C, and a typical film heat transfer 
coefficient for cooling water (including a scaling or fouling factor) is assumed to be 1000 W/m?°C. Therefore, 


(66.7 — 40) - (50 - 30) 6.7 


ATims = In 66:7-40 in 267 23.2°C 
50-30 20 
Us = = = 346W/m? °C 
330 T000 
A= Qs 50x 103 7.8m? 


UgATimg Fs  (346)(23.2)(0.8) 


Total heat transfer area for the entire heat-exchanger network = 7.8 + 16.9 + 1063.0 = 1087.7 m?. 

At this stage, heat-exchanger areas for the network can be combined with the cost of purchasing utilities to give a reasonably 
complete economic analysis. However, if the effect of the minimum temperature approach is to be investigated, then the 
complete algorithm outlined in Steps 1-5 and Examples 15.2, 15.3, and 15.4 must be applied repeatedly for different minimum 
temperature approaches. It should be noted that Steps 1—4 can be readily programmed, but the algorithm for matching streams 


and exchanging energy outlined in Step 5 is not unique and is not easily computed. Rather than complete the design of the 
network as given in Step 5, it is possible to estimate approximately the heat transfer area for the network and therefore 
investigate the effect of changing temperature on the overall cost. The algorithm for estimating the heat transfer area is 
discussed in the next section. 

15.3 COMPOSITE TEMPERATURE-ENTHALPY DIAGRAM 

Physically, the pinch zone, previously mentioned, represents a point in the heat-exchanger network at which at least one heat 
exchanger, or two streams, will have the minimum approach temperature set in Step 1. This point is perhaps more clearly shown 
in a composite enthalpy-temperature diagram. This diagram is essentially the same as the combination of all the 7-O diagrams 
for all the exchangers in the network. Such a diagram for this example is shown in Figure 15.9 and is constructed by plotting the 
enthalpy of all the hot streams and all the cold streams as a function of temperature. The calculations for developing the 
compsoite temperature-enthalpy diagram are given in Table 15.1. 
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Figure 15.9 Composite Temperature-Enthalpy Diagram for Showing Effect of Changing Minimum Temperature Approach 
Table 15.1 Enthalpy-Temperature Calculations for Hot and Cold Streams of Example 15.1 
Hot Streams 


Temperature Temperature Enthalpy of Hot Streams in Temperature Cumulative Enthalpy of Hot Streams 
Interval (°C) Interval (kW) (kW) 
D 50 0 0 
C 100 (2 + 3)(100 — 50) = 250 250 
B 150 (2 + 3)(150 — 100) = 250 500 
A 200 (8 + 3) (200 — 150) = 550 1050 
300 (8) (300 — 200) = 800 1850 
Cold Streams 
Temperature Temperature Enthalpy of Cold Streams in Temperature Cumulative Enthalpy of Cold 
Interval (°C) Interval (kW) Streams (kW) 
D 40 0 0 
C 90 (4)(90 — 40) = 200 200 
B 140 (8 + 4)(140 — 90) = 600 800 
A 190 (8 + 4) (190 — 140) = 600 1400 
290 (5) (290 — 190) = 500 1900 


These data are plotted in Figure 15.9 as Curves 1 and 2, respectively. From Figure 15.9, it can be seen that these two curves 
cross, which is physically impossible. This situation can be remedied by shifting the cold curve to the right. Curve 3 represents 
the case when the composite cold stream is shifted 50 kW to the right, where 50 kW is the net utility required, as determined in 
Example 15.2. For this case, it can be seen that there exists a point at which the vertical distance between the hot and cold 
stream curves is at a minimum. This is the pinch zone. The case shown in Curves 1 and 3 corresponds to the situation when the 
minimum approach temperature between the streams is 10°C, the value chosen in Step 1. Comparing this curve (Curve 3) and 
the hot stream curve (Curve 1), it can be seen that the horizontal distances between the left-and right-hand ends of the curves 


represent the total duties from the cold and hot utilities, respectively, for the minimum utility case. Thus, the information shown 
in Figure 15.9 is consistent with the temperature interval diagram and the cascade diagram. In fact, it is exactly the same 
information but presented in a different way. From Figure 15.9, it should be clear that as the minimum approach temperature 
decreases, so do the minimum utility requirements. However, the temperature driving force within the heat-exchanger network 
will also decrease, and this will require larger, more expensive heat transfer equipment. Clearly, the optimum network must 


balance exchanger capital investment against operating (utility) costs. 
15.4 COMPOSITE ENTHALPY CURVES FOR SYSTEMS WITHOUT A PINCH 
It was shown earlier that some problems do not possess a pinch condition. For these cases, only one utility (hot or cold) is 


required. This situation is illustrated on the temperature-enthalpy diagrams in Figure 15.10. In Figure 15.10(a), the typical heat- 
exchanger network problem containing a pinch is shown. If the minimum approach temperature is reduced, then the composite 
enthalpy curve for the cold streams (at the bottom) moves to the left and becomes closer to the hot stream composite enthalpy 
curve. For the problem shown in Figure 15.10(b), there exists a critical value for the minimum temperature approach, AT min, crit, 
at which the hot utility requirement (Qy) becomes zero and the cold utility requirement becomes a minimum, Qc min. If the 
minimum approach temperature is reduced below this critical value, as in Figure 15.10(c), the hot stream composite energy 
curve overlaps the cold stream curve at both ends. Heat must be rejected to the cold utility at the high temperature end (right- 
hand side of the figure), as well as at the low temperature end (left-hand side of the figure). However, the combined cold utility 
duty remains at Oc min. Therefore, below AT min crit, the cold utility duty is constant and the hot utility duty is zero. Above 

AT nin,crit, both the hot and cold utility duties increase with increasing AT min- 


Temperature 
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(a) Pinch (b) No Pinch (c) No Pinch 
Figure 15.10 Composite Temperature-Enthalpy Diagram Showing a Problem without a Pinch Point 


It can be seen that a case similar to that described above exists when the cold stream composite enthalpy curve can overlap the 
hot stream curve at both ends. For this case, a critical value of AT,,,;, exists for which the cold utility duty is zero. Above this 
critical value, both utilities are required, but below it, no cold utility is needed, and the hot utility duty remains constant, but heat 


must be added to the system at both the hot and cold ends of the diagram. 
15.5 USING THE COMPOSITE ENTHALPY CURVE TO ESTIMATE HEAT-EXCHANGER SURFACE AREA 
As stated earlier, the composite enthalpy curve can be used to estimate the heat-exchanger surface area of the network. For the 


case of a single heat exchanger, it is convenient to plot the temperature-enthalpy relationships on a diagram such as Figure 
15.1 l(a). The basic rating equation used for preliminary heat-exchanger design is 
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Figure 15.11 Composite Temperature-Enthalpy Diagram Showing a Problem without a Pinch Point 


Q=UAAT nF 


If the individual film heat transfer coefficients (including any appropriate fouling factors) for the hot and cold streams are 


known, then this equation can be rewritten as 


1 Q fi 1 Q 1 Q QQ 
U ATm F a [4 a Z| ATinF 7 ATm F [2 T 4] (15.2) 


A= 


The application of Equation (15.2) was demonstrated in Examples 15.3 and 15.4. 

Now, consider a portion of the composite enthalpy curve shown in Figure 15.1 1(b). This curve is made up of two hot streams (1 
and 2) and two cold streams (3 and 4). Both the hot streams and both the cold streams have the same temperature change in the 
interval. However, in general, the enthalpy in either of the hot streams is not the same as the enthalpy in either of the cold 
streams. Instead, the sum of the enthalpies in the hot streams is equal to that in the two cold streams. This means that different 
streams cannot be matched in this temperature (enthalpy) interval, because the enthalpy of individual hot and cold streams will 
be different. However, an estimate of the heat transfer area required to transfer all the energy in the temperature interval can be 
made by applying Equation (15.2) to both the hot and cold streams in the interval [2, 7]. This result may be generalized as 
follows: 


hot streams cold streams 
Q; Qi 


hi 


1 


Ainterva = ATim, interval F hi 
i=l 


(15.3) 


where the summation is made for all streams (hot and cold) contained in the interval, and Q; is the enthalpy change of the stream 
in the interval. 

Clearly, the composite enthalpy diagram can be divided into intervals in which the number of hot and cold streams is constant. 
The total heat transfer area for the network may be estimated by adding the areas for each interval obtained from Equation 
(15.3). Ahmad et al. [8] state that the result in Equation (15.3) should predict the minimum area required for a given minimum 
temperature approach to within about 10%, as long as the film heat transfer coefficients do not differ by a factor of 10 or more. 


This estimate of accuracy seems to be somewhat optimistic, and a more realistic number might be 25%. Nevertheless, when 
looking for the optimum temperature approach, the method used above should give reasonable predictions. Example 15.5 
illustrates the methodology to estimate heat transfer areas using this technique. 

Example 15.5 

For the problem introduced in Example 15.1, and using the film heat transfer coefficients from Examples 15.3 and 15.4, 


estimate the heat transfer area for the proposed network. Compare the result to that obtained in Example 15.4. 

Solution 

The composite enthalpy diagram for this problem is shown in Figure E15.5. This is the same figure as Figure 15.9, except that 
temperatures and enthalpies for the different segments have been added. Within each segment, the composite enthalpy curves 
for the hot and cold streams are straight lines, which implies that the number of streams in each segment is constant because the 
slope of the line is 1 / UMCp. In order to generate this information, heat balances must be applied along with the information in 
the temperature interval diagram, Figure 15.1. For example, consider Segment 1 of Figure E15.5. The hot stream temperature at 
the border of Segments 1 and 2 must be computed (this is not shown on the original composite temperature-enthalpy diagram, 
Figure 15.9), Because Q; is the cold utility duty and is equal to 50 kW, the temperature for the composite hot stream is given by 
the following simple enthalpy balance: 
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Figure E15.5 Composite Temperature-Enthalpy Diagram for Example 15.5 (Minimum Temperature Approach = 10°C and All 
Enthalpies Are Given in kW) 
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Figure 15.1 shows that Streams 2 and 3 lie in the temperature range of Segment 1 (>50°C and <100°C). Therefore, 


XO (™mCp);1AT, = (2000 + 3000) AT, = Qı = 50,000W 


i=hot streams 


AT, = = = 10°C 


Thus, the composite hot stream temperature at the border of Segments 1 and 2, Thot,1-2 = 50 + 10 = 60°C. 
In a similar way, the temperature of the composite cold streams between Segments 3 and 4 can be calculated as 


S> (MOP) AT = Qs 


i=cold streams 


From Figure 15.1, Streams 5 and 6 lie in the temperature range >90°C and <190°C. Therefore, the composite cold stream 


temperature at the border of Segments 3 and 4 is given by 


NO (trp); , AT; = (8000 + 4000) AT; = Q3 = 250,000W 


i=cold streams 


250,000 A 


Teold3—4 = 90 + 20.83 = 110.83°C 


Similar calculations must be performed to establish the data given in Figure E15.5. 
To estimate the area for each of the segments, Equation (15.3) is applied to each segment. The results of these calculations for 
the process-process heat exchangers (Segments 2—6) are given in Table E15.5. The total heat transfer area for the heat- 
exchanger network (ignoring the utility exchangers for now) is 788 m?. 
Table E15.5 Summary of Heat Transfer Area Calculations for Example 15.5 

Temperature Interval Shown in Figure E15.5 


stream, 
eal 2 4 
kW/m?°C i j j 
Qintervab 
0°2 2 550 400 400 
kW 50*200 50 
Qstream l> 
” 0.4 : 400.0 400.0 400.0 
kW 0.40 0.0 0.0 
Qsiream.2g 47 80.0 100.0 0.0 0.0 0.0 
kW 
Qstream 3> 
“0. 120. 150. 150.0 0.0 0.0 
kW 0.53 0.0 50.0 
Qsireamar 19 0.0 0.0 0.0 0.0 400.0 
kW 
Q stream,5» 
~ 0.2 166. 366.7 266.7 0.0 
kW 0.25 0.0 66.7 
Q stream,6» 
” 0. 200. 183.3 133.3 0.0 
kW 0.08 00.0 83.3 
T 
aes 60 100 150 200 250 
T 
o 100 150 200 250 300 
T 
i aad 40 90 110.83 156.67 190 
T 
: ae 90 110.83 156.67 190 270 
DT 
°C m 14.43 21.37 41.2 51:22 43.28 
100 150 | 166.7 400 150 , 166.7 
5(@./h 80, 120 , 200 027 T 053 T 025 040 | O53 t 025 400 | 266.7 | 133.3 400 4 400 
(Oih) 0.27 ' 0.53 ' 0.08 | 83.3 4. 83.3 0.40 ' 0.25 0.08 0.40 ' 0.10 
0.08 0.08 
= 3022.7 = 2361.4 = 5041.1 = 3733.1 = 5000 
3022.7 2361.4 _ 5041.1 _ 3733.1 5000 
Anetwork (14.43)(0.8) 261.9 (21.4)(0.8) 138.2 (41.2)(0.8) 152.9 (51.2)(0.8) 91.1 (43.3)(0.8) 1 


“This is the duty of the cold utility exchanger. 

>This is the duty of the hot utility exchanger. 

Total Process-Process Exchanger Area for Network = 261.9 + 138.2 +152.9 + 91.1 + 144.4 = 788.5 m? 

The area calculated following the five-step algorithm, and computed in Example 15.3, was 1063 m2. For this case, the method 
of estimating the heat transfer area of the heat-exchanger network from the composite temperature-enthalpy diagram (Example 
15.5) underestimates the area by 26%. Although this value would be unacceptable for final design purposes, this method can be 
easily programmed, and the effect on the total cost of the network of changing the minimum approach temperature or process 
changes can be computed easily. The final step in computing the fixed capital investment of the heat-exchanger network is to 


compute the area and configuration for each of the heat exchangers in the network. 
15.6 EFFECTIVENESS FACTOR (F) AND THE NUMBER OF SHELLS 


To this point, it has been assumed that the log-mean temperature correction factor, F, for all exchangers is the same and equal to 
0.8. The reason that F is not assumed to be equal to unity is that, for heat exchangers in most practical applications, the flows of 
the hot and cold streams are never purely countercurrent. The most common type of heat exchanger in use in the chemical 
process industries is the shell-and-tube (S&T) type. These units are typically made as multiples of the basic 1-shell pass, 2-tube 
pass (1-2) design. When estimating the fixed capital investment associated with the purchase and installation of the heat- 
exchanger network, the number of 1-2 S&T exchangers is needed in addition to the total surface area of the network. 
A schematic diagram of a 1-2 S&T exchanger is shown in Figure 15.12, and a detailed discussion of many aspects of the design 
of shell-and-tube exchangers is given in Chapter 20. It can be seen that the basic flow patterns of the shell and tube fluids are not 
countercurrent. Indeed, the flow patterns of the two fluids are very complicated. However, for 1-2 S&T exchangers a reasonable 
assumption is that the shell-side fluid flows cocurrently with the tube-side fluid in one direction and countercurrently in the 
other direction. Using this idealized model of the fluid flow, an analytical expression may be computed for the F factor 
(Bowman et al. [9]). This expression is given as 
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Figure 15.12 Flow Patterns in 1-2 and 2-4 Shell-and-Tube Heat Exchangers 
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where R = (AC) eoa / (TMC ) op and P = (te,out — tein) / (thin — tein). 
For the case when R = 1, Equation (15.4) reduces to 


Py2 
a-pa [A] (15.5) 


2—-2P+PV2 


Fi-2s&r = 


The relationship between F1-2,ser and P and R is illustrated in Figure 15.13. From Figure 15.13, it is clear that for a given value 
of R, the temperature correction factor, F, drops off precipitously as a critical value of P is reached. In fact, for any given value 
of R, there exists a maximum value of P given by 
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Figure 15.13 Logarithmic-Mean Temperature Correction Factor, F, for a 1-Shell, 2-Tube Pass Heat Exchanger 


Prax = —— 
R+1+4/(R?+1) (15.6) 


This phenomenon can be explained by the fact that as the temperature between the hot exit and cold entrance streams 
approaches zero, the efficiency of the 1—2 design is reduced. This effect is illustrated in Figure 15.14. For pure cocurrent flow, 
the highest temperature that the cold stream can be heated to is equal to the hot stream exit temperature. Because half of the 
flow in a 1-2 S&T exchanger is cocurrent, it is not surprising that the effectiveness (temperature correction factor, F) of the heat 
exchanger starts to decrease rapidly when this condition is reached. For the condition 7), = T,.2 the relationship between P and 
R is given in Equation (15.7): 


Shell- and tube-side fluids 
The flowing cocurrently 
h 


c2 
Shell- and tube-side fluids 
flowing countercurrently 
(a) 
Tha 
Limit of cocurrent flow 
Th2=1,.20F P+ RP -1 =0 
Te2 
(b) 
Tha 
Te2 Number of (1-2) S&T exchangers is 
given approximately by 
' i -PR | 
1-p 
Nshells = 1 
Number of (1-2) S&T mg] 


Exchangers 


(c) 
Figure 15.14 The Effect of Temperature Approach on the Number of Shells Required for a Shell-and-Tube Heat Exchanger 


P+ PR-1=0 (15.7) 


The line representing this equation is plotted on Figure 15.13. This line can be approximated by the condition F = 0.8 on the 
figure. If the condition of F = 0.8 is taken as the criterion for the limit of operation of a 1-2 S&T exchanger, then the number of 
shells can be calculated graphically by a McCabe-Thiele—type construction illustrated in Figure 15.14(c). The analytical 
expression for the number of shells using this criterion and when the specific heats of hot and cold streams are constant (this 
implies that the lines on the 7-Q diagram are straight) is given by 


Nshell _ Me} forR #1 
snes WED 
or 


Nshells = > forR = 1 


(15.8) 


A more sophisticated technique, given by Smith [10] and due to Hall et al. [11], to calculate the number of shells based on using 
a fraction, Z, of the maximum value of P, Equation (15.6), as the limit for using 1-2 S&T exchangers gives the following 
expression for the number of required shells: 


nia PR 
N = ————— P _forR 1 
shells , R+H+/(R241)-2 RZ Pmaz la 
Ne ee 
R+144/(R2+1)-2ZPmax 
(15.9) 
or 

{45} 0+V2-22 Paz) 

Nshells = ~~ a one == 


The number of shells calculated from Equations (15.8) and (15.9) is compared in Table 15.2. The P values are chosen to 
coincide with the transition from one shell to two shells using Equation (15.8). According to Smith [10], a limiting value of F = 
0.75 corresponds to Z = 0.9. Comparing the results in Table 15.1, it is clear that the predictions of Equation (15.8) are not 
drastically different from those of Equation (15.9). Unless stated otherwise, Equation (15.8) will be used to calculate the number 
of shells. Example 15.6 demonstrates this procedure. 

Table 15.2 Predictions of the Number of Shells Required from Equations (15.8) and (15.9) 

R P=1/+R)Eq. (15.8)Eq. (15.9) Z = 0.8Eq. (15.9) Z = 0.9Eq. (15.9) Z = 0.95 


0.1 0.91 1 1.71 1.25 1.03 
0.2 0.83 1 1.44 1.08 0.92 
0.5 0.67 1 1.20 0.93 0.82 
0.8 0.56 1 1.14 0.90 0.80 
1.0 0.50 1 1.13 0.90 0.80 
1.5 0.40 1 1.16 0.91 0.81 
2.0 0.33 1 1.20 0.93 0.82 
5.0 0.17 1 1.44 1.08 0.92 
10.00.09 1 1.71 1.25 1.03 


Example 15.6 

For a heat exchanger that cools a single-phase hot stream from 250°C to 60°C, using a single-phase cooling stream that is heated 
from 30°C to 200°C, estimate the number of 1-2 S&T heat exchangers required. Assume that the specific heats of the two 
streams are constant. 

Solution 

The 7-Q diagram for this heat exchanger is given in Figure E15.6. 
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Figure E15.6 Temperature-Enthalpy Diagram for Example 15.6 


R = (250-60) / (200-30) = 190/170 = 1.1176andP = (200-30) / (250-30) = 170/220 = 0.7727 


From Equation (15.8), 
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Nshells = = = 4.59 
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Rounding up, Nshells =D. 
From Equation (15.9), 


1- PR 1—(0.7727)(1.1176) 
In | TP ] In [L] 


i R+1+4/(R?+1)—2 RZ 7 i 1.1176+1+4/ (1.1176? +1)—2(1.1176) (0.9) 
n | —— | O 
R+1+4/(R?+1)—2Z 1.1176+1+4/ (1.1176?+1)—2(0.9) 


Nshells = 


Rounding up, Nshells = 5. 
Both methods predict the need for an exchanger with five shell passes (and ten tube passes) requiring five 1-2 S&T exchangers 
stacked on top of each other. This equipment would be referred to as a 5-10 S&T exchanger. 
15.7 COMBINING COSTS TO GIVE THE EAOC FOR THE NETWORK 
The final step in evaluating the capital cost of the exchanger network is to estimate the number of heat-exchanger units required 
for the network. In Example 15.3, the individual areas of the heat exchangers were evaluated. If the number of shells required 
for each exchanger is calculated, the total number and areas of each 1-2 S&T exchanger required for the design can be 
calculated. From these data, using the cost correlations introduced in Chapter 7, the fixed capital investment for the installed 
network can be evaluated. It should be noted that due to the economy of scale, the cost of two 1-2 S&T exchangers placed with 
their shells in series to form a 2-4 S&T exchanger will be greater than the equivalent 1-2 S&T exchanger with the same total 
heat transfer area. The use of the correct number of shells is, therefore, important if an accurate estimate of the FCI of the heat- 
exchanger network (HEN) is to be obtained. This is especially true when the approach temperatures in an exchanger are small, 
for example, in the crude preheat train of oil refineries. 
Several economic criteria introduced in Chapter 10 can be used to evaluate the profitability of a given heat-exchanger network. 
For this discussion, the equivalent annual operating cost (EAOC) will be used: 

EAOC = For ÅL 4 X (utility costs) (15.10) 

(1+i)”—1 

where the fixed capital investment, FCI, is the total module cost of the exchanger network, the second term on the right-hand 
side of Equation (15.10) is the yearly cost of the hot and cold utilities, and n is the number of years over which the economic 


analysis is carried out. For a complete after-tax economic analysis, provision must be made for depreciating the FCI. To 
simplify the analysis, a before-tax hurdle rate, 7, can be used to compare cases with different minimum approach temperatures. 
When the composite enthalpy curves are used to estimate exchanger areas, there is no simple way of estimating the number and 
areas of individual exchangers. This is because no specific stream matches are made when estimating the total heat transfer area 
from the composite enthalpy curves. The simplest method for estimating specific heat transfer areas, which is necessary to 
calculate the cost of the heat-exchanger network, is to assume that all the heat exchangers have the same area. This approach 
tends to overestimate somewhat the cost of the network. Thus, the fixed capital investment can be estimated using 
(Nmin,atNmin,b) times the cost of a heat exchanger with an area of Ajenyort/(NminatNmin,b)- The EAOC can then be estimated 
using Equation (15.10). Example 15.7 illustrates how the cost of the heat-exchanger network can be estimated. 

Example 15.7 

Using the results from Example 15.5, estimate the EAOC for the heat-exchanger network. Assume that i (before-tax) = 10% p.a. 
and n = 5 years. Cost numbers are for 2016. 

Solution 

From Example 15.4, the total network heat transfer area (excluding utility exchangers) = 788 m?. The minimum number of 
exchangers was found to be 8. The fixed capital investment is based on 8 exchangers each with an area of (788/8) = 98.5 m?. 


Crm, ser floating heat exchanger — $133,300 
The utility costs are estimated as follows: 


Cooling water utility costs = (50 x 10%) [J/s] (3600) [s/h] (8000) [h/y] (0.378) [$/GJ] 
(1 x 107°) [GJ/J] = $544/y 


HPS utility = (100 x 10°) [J/s] (3600) [s/h] (8000) [h/y] (5.66) [$/GJ] (1 x 107°) [GJ/J] 
= $16,300/y 


5 
EAOC = For 22 
(1+0.1)°-1 


$16,844 /y = $298,160 /y 


+ $16,300 /y + $544 /y = (0.2638)(8)(133,300) + 


The procedure illustrated in Example 15.7 can be repeated for different minimum approach temperatures. The basic trends for 
utility consumption, heat transfer area, and EAOC as functions of minimum temperature approach are shown in Figure 15.15. It 
is clear from this figure that there will be an optimum minimum temperature approach for the heat-exchanger network. At the 
optimum, the increase in utility costs (usage) for an incremental change in minimum temperature approach will be just balanced 
by the decrease in the equivalent annual operating cost for the smaller heat-exchanger network. 


Heat-Exchanger Network Area 
Hot and Cold Utility Duties 


A T min,opt 
Minimum Temperature Approach, AT min 


Figure 15.15 Typical Relationships for Heat Transfer Area, Utilities, and EAOC for a HEN 
15.8 OTHER CONSIDERATIONS 
To this point in the discussion, it has been assumed that the cost of the heat exchanger is simply a function of the heat transfer 


surface area. From discussions in Chapter 7, it is clear that both the materials of construction and operating pressure are 
important factors in estimating heat-exchanger costs. These effects must be considered when estimating the FCI from the 
composite temperature-enthalpy diagram. This problem has been addressed by Hall et al. [11] and is explained in the following 
section. 

15.8.1 Materials of Construction and Operating Pressure Issues 

Initially, it is assumed that the materials of construction and maximum operating pressures for all heat exchangers are the same. 
Some streams may require different materials of construction and operating pressures, and, for these streams, the film heat 
transfer coefficients can be adjusted to correct for the different fixed capital cost associated with exchangers in contact with 
these streams. For example, assume that all but one of the streams in a HEN are at pressures less than 5 barg and require carbon 
steel construction. The remaining stream, however, is at a pressure of 25 barg, is corrosive, and requires all exchanger surfaces 
in contact with it to be made of 304-grade stainless steel. The heat exchangers that contact this fluid will be more expensive than 
similar sized exchangers that do not contact this fluid. Hall et al. [11] suggest using an effective film heat transfer coefficient for 
this stream that is lower than the true value. By doing this, the areas predicted for heat exchangers that process this stream 
increase, causing the costs of the exchangers also to increase. Therefore, using these effective film coefficients allows the same 
cost equation to be used for all exchangers in the HEN. The form of the cost equations introduced in Chapter 7 (and Appendix 
A) is not suitable for this analysis. Instead, the simpler form of cost relationship given in Equation (7.2) is used: 


C, = KA" (15.11) 


The total module cost of the exchanger is given by combining the results of Equations (7.2), (7.15), and (A.4): 


Crm = 1.18(B, + By Fy Fp)K A" (15.12) 


For the base conditions, operating pressure <5 barg, and carbon steel construction, Fy and Fp in Equation (15.12) are both equal 
to 1. Let the area of a heat exchanger operating at pressure P and using the correct materials of construction be A, and let the 


area of an exchanger at the base conditions that has the same total module cost as the other exchanger be 4pc. Using Equation 
(15.12) and equating total module costs gives 


1.18(B, + B, Fy Fp)K A" = 1.18(B, + By) K Age” 


1 


Aie e | Ears | 15.13 
| Bı +B ] ( ) 

From Equation (15.13), it is clear that for equal cost, the heat-exchanger area at base conditions must be greater than the true 
area by the factor on the right-hand side of the equation. Because the area is inversely proportional to the film heat transfer 
coefficient, the relationship in Equation (15.14) is obtained: 


i 
h _ | _BitB,__ |” (15.14) 
he | Bi + Bo Fu Fp 

By modifying heat transfer coefficients for streams requiring non-base-case operating conditions using Equation (15.14), the 
same cost equation can be used to calculate all exchanger costs in a given network. 

The correction factors for a floating-head, shell-and-tube heat exchanger are shown in Figure 15.16. From Appendix A, the 


values used in Equation (15.14) are B4 = 1.63, B2 = 1.66, and n = 0.573. Examples 15.8 and 15.9 illustrate how to use this 
information. 
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Figure 15.16 Heat Transfer Correction Factor for Shell-and-Tube, Floating-Head Heat Exchangers 
Example 15.8 


For the heat-exchanger network developed in Examples 15.2, 15.3, and 15.4, what heat transfer coefficient should be used to 
account for the requirements of Stream 3, namely stainless steel construction and a pressure of 50 barg? Assume that all the 
streams except Stream 3 are available at pressures <5 bar and require only carbon steel construction. 

Solution 

In order to minimize the investment cost, Stream 3 will always be placed on the tube side of any exchanger through which it 
passes. From Table A.3, the material factor, Fy, for heat exchangers with carbon steel shells and stainless steel tubes is 1.81. 
From Figure 15.16, with an operating pressure of 50 barg and Fy of 1.81, the value of hp,/h is 0.517. Therefore, a modified heat 
transfer coefficient of (530)(0.517) = 274 W/m?°C should be used to estimate heat transfer areas using the cost equation for 
base-case conditions. 

Example 15.9 

Estimate the effect of the result of Example 15.8 on the total heat transfer area and cost of the heat-exchanger network 
calculated in Example 15.4. The adjusted heat transfer areas for the network are shown in Table E15.9. 

Table E15.9 Heat Transfer Areas for Network Adjusted for Non-Base-Case Conditions for Stream 3 


Temperature Interval} (Q,/h;) (m*°C) Aintervat (M?) 
80 120 200 
oar + para too 324l _ ogy 
— 3934 (14.43)(0.8) 


100 a 150 an 166.7 a 83.3 2626 


3 0.27 ' 0.274 0.25 0.08 —“^——— = 153.4 
= 2626 (21.4) (0.8) 
400 150 366.7 , 183.3 
4 040 + Dara + O25 + 008 __ 5305 = 161.0 


= 5305 (41.2) (0.8) 


Att + 2807 4 1388 3733 


5 0.40 0.25 —_~**" = 107.8 
= 3733.1 (43.3)(0.8) 
400 400 
6 040 + 0.10 __ 5000 = 144.3 
= 5000 (43.3) (0.8) 
Total 847 m? 
Solution 


The results in Table E15.9 show that the effect on the fixed capital investment of the HEN of using stainless steel and an 
operating pressure of 50 bar for Stream 3 is equivalent to increasing the HEN area from 788 to 848 m? using base-case costs. 
The fixed capital investment from Example 15.7 was (8)($133,300) = $1,066,400. The use of nonstandard conditions is based 
on eight exchangers each of area (847/8) = 106.0 m2, a cost of (8)(138,000) = $1,104,000. This is an increase of $37,600. 

15.8.2 Problems with Multiple Utilities 

For more complicated problems, several pinch temperatures may occur, and energy may have to be added from more than one 
hot utility and rejected to more than one cold utility. In general, it makes good engineering sense to add heat from the coolest 
“hot” utility and reject heat to the hottest “cold” utility. For example, if heat must be rejected from the process at a temperature 
of 190°C, it could be rejected to the cooling water utility. However, it makes more sense—that is, it is more profitable—if this 
excess energy can be used to make medium-pressure steam, which can be used elsewhere in the plant. Likewise, if heat needs to 
be added to the process at a temperature of 80°C, it makes little sense to use valuable high-pressure steam (at 250°C); rather, 
low-pressure steam should be used. 


15.8.3 Handling Streams with Phase Changes 

The area of heat integration and pinch technology, in general, is quite broad, and many topics have not been covered here. The 
MUMNE approach outlined above will give a reasonable first approximation to the optimum heat integration scheme for a 
given process and is therefore useful in the preliminary design of a process. Although not stated explicitly, the analysis for the 
MUMNE design assumes that the streams are single phase and that the specific heat capacities of the streams are constant over 
the temperature range in the process. For streams that undergo a phase change or for which the specific heat capacities are not 
constant, the analysis becomes more complicated. However, for such streams, dummy streams can be used that have constant 
heat capacities. This concept is illustrated in Figure 15.17. The left-hand diagram shows a situation where a partial phase change 
is occurring. In this case, the enthalpy change can be approximated by using two dummy streams with constant heat capacities 
as shown in the diagram. For a single component that changes phase, the 7-Q diagram is a horizontal line, and for this case, an 
arbitrarily small AT of 1°C is used to get the dummy heat capacity. 


Approximate partial condensation or 
boiling using two dummy streams 


Approximate phase change of a pure 
component using a dummy stream with 
me, = Q/(AT=1°C) 


Temperature 
Temperature 


Q, Enthalpy of Stream Q, Enthalpy of Stream 
Figure 15.17 Use of Dummy Streams for Phase Changes 
For large processes, the hand calculations described above become unwieldy and very time consuming. To help in these 


calculations, the HENSAD software has been developed and is available on the book website. 
15.9 HEAT-EXCHANGER NETWORK SYNTHESIS ANALYSIS AND DESIGN (HENSAD) PROGRAM 
The heat-exchanger network synthesis analysis and design (HENSAD) program was developed to aid in solving the MUMNE 


problem previously described in this chapter. Once the feed stream information has been entered, temperature interval diagrams, 
cascade diagrams, and composite temperature-enthalpy plots (corresponding to Steps 1—4 introduced in Section 15.2) are 
calculated by the program. The program requires that individual, film heat transfer coefficients be entered for each stream, even 
if the heat transfer areas and/or the approach temperature optimization are not being performed, that is, the fields cannot be left 
blank. Any positive number will suffice. The design of the optimum exchanger network can also be completed using the 
software. However, the user must interact with the program to achieve a design that does not violate the minimum approach 
temperature specified for the problem. Parametric studies using the composite enthalpy diagram can also be performed. Plots of 
network exchanger area, utility consumption, and EAOC as functions of minimum approach temperature can be made and 
printed out. The user is referred to a training video (HENSAD.AVI) that is available on the website, which explains the 
operation of the program and required user input. Although the software solves comprehensive problems, it is limited by the 
following assumptions: 

The specific heats of the streams are assumed to be constant. 

Problems with only one hot and one cold utility can be solved. 

For comparing the “optimal” minimum approach temperature, the before-tax EAOC is used as the objective function. 

Problems without a pinch may be analyzed, but plots of AT,,;, versus heat-exchanger area and EAOC are strictly correct only 
for situations where a pinch occurs. 

Economic analyses are valid for the range of application of the cost correlations. 

In order to gain experience with the software, it is recommended that the problem studied in this chapter be entered and checked 
using the program after the AVI file has been viewed. 

15.10 MASS-EXCHANGE NETWORKS 

Pinch technology can be applied to the integration of mass-exchange devices in a manner analogous to how it is applied to 
integration of heat exchangers. A mass-exchange device is a separator. The purpose of heat integration is to use energy more 
efficiently. By matching hot and cold streams, the need for hot and cold utilities is minimized. This has environmental benefits 
in that utilities require energy, which increases pollution. Energy integration also saves the cost of these utilities, although it 
must be remembered that the most energy-efficient heat-exchanger network is not necessarily the most economical one. 

The purpose of mass-exchange networks is to use mass (raw materials) more efficiently. If mass is not used efficiently, the 
amount of waste created increases, creating more pollution. Without mass integration, raw materials also may not be used very 
efficiently. 

As a simple example of mass integration, consider the acetone process in Appendix B, Section B.10. It is observed that process 
water is needed to scrub the acetone remaining in the vapor stream exiting the vessel, V-1102. It is also observed that there is a 
wastewater stream exiting the final distillation column, T-1103. This wastewater stream contains trace amounts of acetone and 
isopropyl alcohol. It should be possible to use some or all of this wastewater stream in the scrubber, T-1101, in place of process 
water. Because the water now contains some solute, it may be necessary to increase the size of the scrubber. In this example of 
mass integration, less waste is produced. Furthermore, the expenses of producing pure process water and of treating the 
wastewater stream are either reduced or eliminated. 


The procedure for synthesis of mass-exchange networks is summarized here. Much more detailed treatments are available [12, 
13], and brief discussions for pollution prevention applications are also available [14, 15]. The procedure parallels that for heat- 
exchanger networks. There is a composition interval diagram (CID) that is analogous to the temperature interval diagram (TID). 
There is also a cascade diagram, a similar method for identifying the pinch and the minimum number of exchangers above and 
below the pinch, a composite mass-exchange diagram, and a final mass-exchange network. In the context of mass-exchange 
networks, a utility is the separation or addition of a solute to a sink or from a source that is not a process stream. This is similar 
to the hot and cold utilities in heat-exchanger networks, and the analogous terms to hot and cold utilities are rich and lean 
utilities, respectively. Just as a hot utility adds energy to a stream, a rich utility adds mass (of a solute) to a stream. Similarly, 
just as a cold utility removes energy from a stream, a lean utility removes mass from a stream (an adsorbent, for example). The 
term rich means a stream that is more concentrated in solute and hence will be losing solute to another process stream by mass 
transfer. The term /ean means a stream that is less concentrated in solute and hence will be receiving solute from another 
process stream by mass transfer. With this analogy between hot and cold and rich and lean utilities understood, then the concept 
of a MUMNE (minimum utility, minimum number of exchangers) network also exists for mass-exchange networks. 

However, there are several differences between heat-exchange networks and mass-exchange networks that must be understood: 
The partition coefficient of the solute between the phases contacted in the mass-exchange devices (separators, probably 
absorbers, strippers, or liquid-liquid extractors) must be included. This is accomplished by plotting the mole fraction in the rich 
phase (denoted y) on the left side of the CID, and the mole fraction of the lean phase (denoted x) on the right side of the 
diagram. In a TID, the temperatures on opposite sides of the same horizontal line differ by the minimum approach temperature. 
In a CID, the rich-and lean-phase compositions are related by 


y = m(x + ô) (15.15) 


where m is the partition coefficient and d is the minimum approach composition based on the lean phase. The consequence of 
the partition coefficient is that the criterion for mass transfer from the rich phase to the lean phase is y > mx. If the partition 
coefficient, m, was unity, then this criterion would be completely analogous to that for heat transfer, where the criterion for heat 
transfer from hot to cold streams is Ty > Tc. However, if m < 1, mass can be transferred from a rich phase with a lower mole 
fraction than the lean phase, which is contrary to the conept used for heat exchangers but is valid for mass transfer operations. 
The rules for matching streams at the pinch are different. Above the pinch, the criterion for matching streams is 


L>mR (15.16) 


where L is the mass flowrate of the lean stream, and R is the mass flowrate of the rich stream. Below the pinch, the criterion for 
matching streams is 


L<mR (15.17) 
There is also a constraint regarding the number of streams. Above the pinch, 
Ne < Nz (15.18) 
and below the pinch, 
Ne > Nz (15.19) 


where Nz is the number of lean streams and Np is the number of rich streams. If this criterion is not met, then stream splitting is 
required. 
The procedure for synthesis of mass-exchange networks is illustrated in Examples 15.10 and 15.11. In these examples, it is 


assumed that there is only one solute, and it is the only component being transferred. It is further assumed that the phases are 
completely immiscible; that is, no solvent is transferred between phases. 
Example 15.10 
Consider the process streams shown in Table E15.10(a), all containing the same solute. The partition coefficient between both 
rich phases and the lean phase is 0.5 (1.e., y = 0.5x). 
Table E15.10(a) Lean and Rich Process Streams for Example 15.10 
kg/sVin Yout 
R,=12  0.100.03 
R =24  0.070.02 
kg/SXin Xout 
L=3 4 0.000.07 
Synthesize the MUMNE mass-exchange network for a minimum approach composition of d = 0.01. 


Solution 

The CID is shown in Figure E15.10(a). It is observed that the values on the left side represent y, the rich-stream compositions 
(mass fractions). The corresponding values on the right side are obtained by solving for x in Equation (15.15). The values far to 
the right are the total mass transferred in each interval and are obtained from the indicated equation. For example, for a y value 
of 0.10, x is found from Equation 15.15 as 


Stream 1 2 
m Sm(Dy - Dx) 

0.10 0.19 
0.06 

0.07 0.13 
0.18 

0.04 0.07 
-0.02 

0.03 0.05 
-0.04 

0.02 0.03 
-0.12 

0.005 0.00 
0.06 


Figure E15.10(a) Composition Interval Diagram for Example 15.10 
y = m(x + 6) > 0.10 = 0.5(a + 0.01) > x = 0.20 — 0.01 = 0.019 
The cascade diagram is shown in Figure E15.10(b). Just as in heat-exchanger networks, excess mass is cascaded through each 


interval. In this example, there is no pinch. At the bottom of the cascade diagram, there is excess mass requiring a lean utility 
(LU). An LU is a different separation unit, such as an adsorber, that removes solute. 


Figure E15.10(b) Cascade Diagram for Example 15.10 
The minimum number of mass exchangers is shown in Figure E15.10(c). The method exactly parallels that for the minimum 
number of heat exchangers. In this example, three mass-exchange devices are required. 


Figure E15.10(c) Minimum Number of Mass Exchangers for Example 15.10 
Figure E15.10(d) shows the MUMNE network. Because there is no pinch, there are no restrictions other than mass balance and 


concentration gradient. 
Stream 1 2 3 
m 2 4 


0.02 
Figure E15.10(d) MUMNE Network for Example 15.10 


Figure E15.10(e) shows the composite mass flow diagram. It is observed that the ordinate is the mass fraction in the lean phase. 
Therefore, for each rich-phase composition, Equation (15.15) is used to obtain a corresponding lean-phase value. Alternatively, 
the diagram could have been plotted using the mass fraction in the rich phase. There are two composite lines: one for the rich 


phase and one for the lean phase. The points needed to plot Figure E15.10(e) are as shown in Table E15.10(b). 
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Figure E15.10(e) Composite Mass Flow Diagram for Example 15.10 
Table E15.10(b) Calculations for the Contruction of the Composite Mass Flow Diagram for Example 15.10 


Lean Streams 


Composition Mass Transferred in Interval Cumulative Mass Transferred Mass Fraction in Lean Phase 
Interval (kg/s) (kg/s) (x) 
0.00 0.06 (LU) 0.00 
E 0.12 0.18 0.03 
D 0.08 0.26 0.05 
C 0.08 0.34 0.07 
Rich Streams 
Composition Mass Transferred in Interval Cumulative Mass Transferred Mass Fraction in Lean Phase 
Interval (kg/s) (kg/s) (x) 
E 0.00 0.00 0.03 
D 0.04 0.04 0.05 
C 0.02 + 0.04 = 0.06 0.10 0.07 
B 0.06 + 0.12 =0.18 0.28 0.13 
A 0.06 0.34 0.19 


The mass transfer in each interval is obtained by summing the mass flowrate of each stream multiplied by the composition 
change across the interval. It should be noted that only the points where the slope of the composite line changes are highlighted 
in Figure E15.10(e). The lean-stream line has been shifted to the right by the lean utility value so that the lean utility can be 
illustrated on Figure E15.10(e). This is so that the composite mass flow diagram is completely analogous to the composite heat 
flow diagram. 

It is observed that there is no pinch point in Figure E15.10(e); that is, there is no point where the minimum approach 
composition is 0.01, as provided in the analysis. This is because there was no pinch identified in the cascade diagram (Figure 
E15.10[b]). 

Finally, from an initial examination of mass exchanger 1 on Figure E15.10(d), it appears that this mass exchanger may not be 
feasible because of the mass fraction cross, which is illustrated by the lower two lines on Figure E15.10(f). However, as stated 
previously under the first difference between heat-exchange and mass-exchange networks, the partition coefficient must be 
considered when determining mass-exchanger feasibility. If the rich-stream mass fractions are divided by the partition 
coefficient (0.5 in this example), they are converted to the lean-stream scale. This line is so indicated on Figure E15.10(f). On 
the same scale, it is demonstrated that this mass exchanger is feasible; that is, there are no mass fraction crosses. An alternative, 


equally valid illustration of this point would have been to multiply the lean-stream mass fractions by 0.5. 
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Figure E15.10(f) Illustration of Validity of Mass Exchanger 1 in Example 15.10 
Example 15.11 
Consider the process streams in Table E15.11(a), all containing the same solute. The partition coefficient between both rich 
phases and the lean phase is 0.667 (i.e., y = 0.667x). 
Table E15.11(a) Lean and Rich Process Streams for Example 15.11 


kg/SVin Yout 
R,=12  0.1200.030 


R=21  0.0600.010 

kg/ SXin Xout 
Lı=31 0.0050.125 
L2=46 0.0800.125 
Synthesize the MUMNE mass-exchange network for a minimum approach composition of d = 0.010. 
Solution 
The composition interval diagram (CID) is shown in Figure E15.11(a). As in the previous example, the values on the left side 
represent y, the rich-stream compositions (mass fractions). The corresponding values on the right side are obtained by solving 
for x in Equation (15.15). The values far to the right are the total mass transferred in each interval and are obtained from the 
indicated equation. 


Stream 1 2 3 
m EM(Ay — Ax) 

0.120 0.170 
0.060 

0.090 0.125 
-0.255 

0.060 0.080 
0.045 

0.030 0.035 
-0.010 

0.010 0.005 
-0.16 


Figure E15.11(a) Composition Interval Diagram for Example 15.11 

The cascade diagram is shown in Figure E15.11(b). There is a pinch in this example between intervals B and C. Therefore, the 
pinch compositions are 0.060 and 0.080. There is a mass deficiency above the pinch requiring a rich utility (RU). A rich utility 
is a separate unit in which pure solute is added to a stream. This may seem unusual. However, it must be remembered that this is 
not necessarily the optimum economic solution; it is the optimum solution for the use of mass. There is also a mass excess 
below the pinch requiring a lean utility (LU). A lean utility is a separation device (such as an adsorber) that removes solute 
without exchanging solute with other process streams. 


Figure E15.11(b) Cascade Diagram for Example 15.11 
The minimum number of mass exchangers above and below the pinch is shown in Figure E15.11(c). In this example, three 
mass-exchange devices are required both above and below the pinch. 
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Figure E15.11(c) Minimum Number of Mass Exchangers above and below Pinch for Example 15.11 


Figure E15.11(d) shows the MUMNE network. It is observed that the criteria in Equations (15.16) through (15.19) are obeyed. 
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Figure E15.11(d) MUMNE Network for Example 15.11 


Figure E15.11(e) shows the composite mass-exchange diagram. Once again the ordinate is the mass fraction in the lean phase. 
The points on Figure E15.11(e) are as shown in Table E15.11(b). 
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Figure E15.11(e) Composite Mass Flow Diagram for Example 15.11 
Table E15.11(b) Calculations for the Construction of the Composite Mass Flow Diagram for Example 15.11 
Rich Streams 


Composition Mass Transferred in Interval Cumulative Mass Transferred Mass Fraction in Lean Phase 
Interval (kg/s) (kg/s) (x) 
E 0.000 0.000 0.015 
D 0.020 0.020 0.045 
C 0.060 + 0.060 = 0.090 0.110 0.090 
B 0.060 0.170 0.135 
A 0.060 0.230 0.180 
Lean Streams 
Composition Mass Transferred in Interval Cumulative Mass Transferred Mass Fraction in Lean Phase 
Interval (kg/s) (kg/s) (x) 
0.000 0.035 (LU) 0.005 
D 0.035 0.070 0.035 
C 0.045 0.115 0.080 
B 0.315 0.420 0.125 
A 0.000 0.420 0.170 


The mass transfer in each interval is obtained by summing the mass flowrate of each stream multiplied by the composition 
change across the interval. Once again, the lean-stream curve is shifted by the lean utility value, and only the points where the 
slope of the composite line changes are highlighted in Figure E15.11(e). 

There is a pinch point in this problem, and it is shown in Figure E15.11(e). As per the criteria, the pinch is at a composition 


difference of 0.010. 
15.11 SUMMARY 
The applications of pinch technology to heat and mass integration were considered separately. The temperature interval diagram 


and cascade diagram were used to illustrate the relationship between the energy in the hot and cold streams, the relative 
temperatures of the streams, and the possible transfers of energy between them. The algorithm for analyzing the minimum 
utility, minimum number of exchangers problem (MUMNE) was outlined and was illustrated using an example. The role of the 
composite enthalpy diagram to determine the heat transfer area and the effect of minimum approach temperature was illustrated 
using several examples. The calculation of exchanger effectiveness for shell-and-tube heat exchangers was covered, and a 
simple expression to determine the number of shells for a given service was introduced. The effects of operating pressure and 
different materials of construction on the design of the heat-exchanger network were illustrated with an example. Finally, the 
HENSAD software was introduced. 

Mass-exchange networks were discussed, and the composition interval diagram and cascade diagram for these systems were 


shown to parallel the development for heat-exchange networks. The role of the composite mass flow diagram was introduced, 
and the MUMNE design algorithm for mass-exchange networks was illustrated with two examples. 

WHAT YOU SHOULD HAVE LEARNED 

The MUMNE method can be used to determine the “optimum” heat-exchanger network. 

The optimum obtained from the MUMNE analysis is not necessarily the economic optimum. 

Decision variables within the MUMNE analysis can be varied to obtain an economic optimum. 

The mass integration analysis works essentially the same way as the MUMNE method. 
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SHORT ANSWER QUESTIONS 
1. List all the costs that are affected by changing the minimum temperature approach in a heat-exchanger network (HEN) 


loo N O In IB IY N 


design. 

2. What are the advantages and disadvantages of decreasing the minimum approach temperature in a heat-exchange network? 
3. One way to account for different materials of construction (MOCs) in heat-exchanger network design is to “adjust” the film 
heat transfer coefficients for streams that require MOCs other than carbon steel (CS). How would you adjust (increase or 
decrease) the heat transfer coefficients for streams requiring (a) MOCs cheaper than CS and (b) MOCs more expensive than 
CS? Briefly explain your reasoning. 

4. In heat-exchanger network designs, there exists an optimum AT min for the network. Explain carefully how capital costs and 
operating costs change as AT nin is increased. 

5. For designing heat exchangers at the pinch, what is the criterion for matching streams above the pinch? Why is such a 
criterion needed? 

6. Sketch a typical composite enthalpy diagram for a heat-exchanger network. On this diagram clearly label the x- and y-axes, 
and indicate on the diagram the values and location of the overall hot and cold utility demands and the pinch point. 

7. What does the cascade diagram illustrate? 

8. In general, what is the minimum number of exchangers required to design a heat-exchanger network above the pinch that 
consists of n hot streams and m cold streams? 

9. How does one deal with a stream that changes phase in a heat-exchanger network? 


10. What is MUMNE? Describe it. 
PROBLEMS 
11. For a process, the following process streams must be cooled or heated: 


Stream No.m C,(10°BTU)/hr°F Temperature In °F Temperature Out °F 


1 4 600 320 
2 4 470 280 
3 3 340 580 
4 5 300 480 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 20°F. 


Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. If there is a choice, for the sake 
of uniformity, choose the larger values for the pinch temperatures. 

Determine the minimum number of heat exchangers above and below the pinch. 

Determine the heat-exchanger network above the pinch. 

Determine the heat-exchanger network below the pinch. 

12. For a new process, the following process streams must be cooled or heated: 

Stream No.m C,(.0°BTU)/hr°F Temperature In °F Temperature Out °F 


1 2 400 320 
2 4 300 100 
3 3 90 310 
4 2 170 310 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 10°F. 
Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 
Determine the minimum number of heat exchangers above and below the pinch. 

Determine the heat-exchanger network above the pinch. 

Determine the heat-exchanger network below the pinch. 

13. For a new process, the following process streams must be cooled or heated: 

Stream No.ri C, kW/°C Temperature In °CTemperature Out °C 


1 3 180 100 
2 5 120 80 

3 3 70 140 
4 2 80 160 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 20°C. 
Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 
Determine the minimum number of heat exchangers above and below the pinch. 

Determine the heat-exchanger network above the pinch. 

Determine a heat-exchanger network below the pinch that has only one utility exchanger. 

14. For a new process, the following process streams must be cooled or heated: 

Stream No.ri Cp (10°BTU)/hr°F Temperature In °FTemperature Out °F 


1 4 500 360 
2 4 430 340 
3 3 370 490 
4 4 350 440 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 10°F. 
Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 
Determine the minimum number of heat exchangers above and below the pinch. 

Determine the heat-exchanger network above the pinch. 

Determine a heat-exchanger network below the pinch. 

15. In a process design, the following process streams must be cooled or heated: 

Stream No.ri C, kW/°C Temperature In °CTemperature Out °C 


1 3 250 200 
2 5 200 40 

3 4 30 200 
4 3 90 200 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 10°C. 
Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 
Determine the minimum number of heat exchangers above and below the pinch. 

Determine a heat-exchanger network above the pinch. 

Determine the heat-exchanger network below the pinch. 


16. The temperature interval diagram for a process is shown in Figure P15.16. For this process do the following: 


Stream 1 2 3 4 
mC, 4 T ? 5 kW/°C Q 
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950 -----ł-------p--f---- --4---------- 230 
B ? 
930 -----+-------|------- w-4------;7--- 210 
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Figure P15.16 Temperature Interval Diagram for Problem 15.16 
Compute the missing values of mC, for Streams 2 and 3, the missing Q values for temperature intervals B, C, and E, and the 
total of all intervals. 
Calculate the minimum hot and cold utility loads for this process subject to a minimum approach temperature of 20°C. 
Calculate the pinch temperatures for this process. You may assume that there is only one hot and one cold utility available. 
Calculate the minimum number of exchangers needed for the minimum energy case for above and below the pinch. 
Design the MUMNE network for the process. 
17. In a process design, the following process streams must be cooled or heated: 
Stream No.m Cp (10° BTU)/hr°F Temperature In °FTemperature Out °F 


1 2 350 220 
2 4 400 120 
3 5 310 380 
4 4 100 310 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 20°F. 
Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 
Determine the minimum number of heat exchangers above and below the pinch. 

Design a heat-exchanger network above the pinch. 

Design a heat-exchanger network below the pinch. 

18. In a process design, the following process streams must be cooled or heated: 

Stream No.10% ri Cp kW/°CTemperature In °CTemperature Out °C 


1 4 250 180 
2 5 200 160 
3 4 140 230 
4 3 170 210 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 20°C. 
Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 
Determine the minimum number of heat exchangers above and below the pinch. 

Determine a heat-exchanger network above the pinch. Is there a solution that is not the “direct match”? 


Suppose that there is an additional constraint that the only hot utility is steam at 215°C. What effect does the hot-utility 
constraint have on the heat-exchanger network above the pinch? 

Determine the heat-exchanger network below the pinch. 

19. In a process design, the following process streams must be cooled or heated: 

Stream No.10% sit Cp kW/°CTemperature In °CTemperature Out °C 


1 5 280 220 
2 2 220 60 

3 3 100 260 
4 2 60 220 


The hottest hot-utility stream is high-pressure steam at 254°C. Use the MUMNE algorithm for heat-exchanger networks and a 
minimum approach temperature of 20°C. 

Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 

Determine the minimum number of heat exchangers above and below the pinch. 

Determine a heat-exchanger network above the pinch. (Be careful!) 

Determine the heat-exchanger network below the pinch. 

20. In a process design, the following process streams must be cooled or heated: 

Stream No.10% ri Cp kW/°CTemperature In °CTemperature Out °C 


1 2 250 120 
2 2 260 120 
3 3 110 190 
4 3 150 240 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 10°C. 
Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 
Determine the minimum number of heat exchangers above and below the pinch. 

Determine the heat-exchanger network above the pinch. 

Determine the heat-exchanger network below the pinch. 

21. In a process design, the following process streams must be cooled or heated: 

Stream No.10% ri Cp kW/°CTemperature In °CTemperature Out °C 


1 2 250 120 
2 3 240 140 
3 4 130 230 
4 2 190 240 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 10°C. 

Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 

Determine the minimum number of heat exchangers above and below the pinch. 

Determine a valid heat-exchanger network above the pinch. 

Determine a valid heat-exchanger network below the pinch. 

22. Six streams in a chemical process need to be heated or cooled. The thermal data for these streams are given in the following 
table: 

Stream No.m C,(10°BTU/hr°F) Tin CF) Tout CF) 


1 1.0 620 320 
2 6.0 420 120 
3 3.0 420 220 
4 5.0 400 600 
5 2.0 200 300 
6 4.0 100 400 


Calculate the minimum hot and cold utility loads for this process subject to a minimum approach temperature of 20°F. 
Calculate the pinch temperatures for this process. You may assume that there is only one hot and one cold utility available. 
Calculate the minimum number of exchangers needed for the minimum energy case for above and below the pinch. 

Design the MUMNE network for the process. 

23. If the streams in Problem 15.22 have the following film heat transfer coefficients, estimate the optimum minimum approach 


temperature for this problem. 

hı = 75 BTU/hr /ft?°F 

hy = 25 BTU/hr /ft?°F 

hz = 10 BTU/hr/ft?°F 

h4 = 45 BTU/hr/ft?°F 

hs = 30 BTU/hr/ft?°F 

he = 30 BTU/hr/ft?°F 

24. Rework Problem 15.23, for the case when the streams require special materials of construction with the following material 


factors: 
Stream 1, Fy = 1.0 
Stream 2, Fy = 2.0 
Stream 3, Fy = 3.0 
Stream 4, Fy = 7.0 
Stream 5, Fy = 2.5 
Stream 6, Fy = 1.0 
25. Consider the following process streams, all containing the same solute. The partition coefficient between both rich phases 
and the lean phase is 0.5 (i.e., y = 0.5x). 
Kkg/sVin Vout 
R,=12  0.100.03 
Ry=24 ~ 0.070.02 
kg/sXxin Xout 
L=3 4  0.000.06 
Synthesize the MUMNE mass-exchange network for a minimum approach composition of d = 0.02. 
26. Ethanol can be made by fermentation of grains such as corn. It can be fermented only up to a mass fraction of about 0.15 
because higher concentrations kill the yeast. A big market for ethanol made this way is as an additive to gasoline. 
Suppose that you have 90 kg/h of gasoline, the lean stream, and you would like to increase its concentration of ethanol from 
zero mass fraction to 0.09. You have two rich ethanol-water streams from fermentation processes. One is at 60 kg/h and a mass 
fraction of 0.09, and the other is at 30 kg/h and a mass fraction of 0.12. It is desired to reduce the ethanol mass fraction in the 
rich streams to a mass fraction of 0.02. The partition coefficient between the rich and lean streams is 1.2 (i.e., y = 1.2x), where y 
is the mass fraction in the ethanol-water (rich) stream and x is the mass fraction of ethanol in the gasoline (lean) stream. 
Synthesize the MUMNE mass-exchange network for a minimum approach composition of d = 0.01. 
27. Consider the following process streams, all containing the same solute. The partition coefficient between both rich phases 
and the lean phase is 0.5 (i.e., y = 0.5x). 
KZ/SYin Vout 
R,=14 — 0.100.06 
R2=26  0.070.05 
kg/sXxin Xout 
L,=34  0.100.16 
L=41  0.060.12 
Synthesize the MUMNE mass-exchange network for a minimum approach composition of d = 0.02. 
28. Consider the following process streams, all containing the same solute. The partition coefficient between both rich phases 
and the lean phase is 0.667 (i.e., y = 0.667x). 
kg/ SVin Yout 
R,=14 — 0.1000.060 
Ry=26  0.0700.050 
kg/sxin Xout 
L,=34 ~ 0.0650.125 
L2=41  0.0000.080 
Synthesize the MUMNE mass-exchange network for a minimum approach composition of d = 0.010. 
29. Consider the following process streams, all containing the same solute. The partition coefficient between both rich phases 
and the lean phase is 0.667 (i.e., y = 0.667x). 
kg/ SVin Yout 
R,=11  0.1000.060 
R2=26  0.0700.020 


kg/sXxin Xout 
L;=32  0.0200.125 
In=41  0.0000.080 
Synthesize the MUMNE mass-exchange network for a minimum approach composition of d = 0.010. 
30. In a process design, the following process streams must be cooled or heated: 
Stream No.10% sit Cp kW/°CTemperature In °CTemperature Out °C 


1 2 260 180 
2 4 300 150 
3 > 230 280 
4 4 130 230 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 20°C. 
Determine the temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 
Determine the minimum number of heat exchangers above and below the pinch. 

Determine a valid heat-exchanger network above the pinch. 

Determine a valid heat-exchanger network below the pinch. 

31. In a process design, the following process streams must be cooled or heated: 

Stream No.10% ri Cp kW/°CTemperature In °CTemperature Out °C 


1 5 400 100 
2 3 530 410 
3 3 200 420 
4 4 80 420 


Use the MUMNE algorithm for heat-exchanger networks and a minimum approach temperature of 20°C. Determine the 
temperature interval diagram. 

Determine the cascade diagram, the pinch temperatures, and the minimum hot and cold utilities. 

Determine the minimum number of heat exchangers above and below the pinch. 

Determine a heat-exchanger network above the pinch. 

Determine the heat-exchanger network below the pinch. 


Chapter 16: Advanced Topics Using 
Steady-State Simulators 


WHAT YOU WILL LEARN 


How user-added models can be developed to complement or enhance 
the capabilities of process simulators 


How and when to change the default sequence and method of solution 
in process simulators to aid convergence 


How to use a steady-state simulator to perform sensitivity and 
optimization studies 


How to use a process simulator for estimating physical property 
parameters 


The fundamental concepts required for the basic use of steady- 
state process simulators were introduced in Chapter 13. These 
concepts should be clearly understood before proceeding with 
this chapter. Some of the features discussed in this chapter may 
not be available in a particular process simulator. Under these 
circumstances, there are generally three choices: to innovate an 
approach to mimic the desired feature or function by using the 
existing blocks in the process simulator of choice; to interface 
the simulator with other software possessing the required 
features, usually through a suitable interface; or to develop user 
models, fully or in part, with FORTRAN, C, Excel, or other 
proprietary programming languages and integrate them with 
the remaining flowsheet. Often, the choice depends upon the 
accuracy desired, the simulator software used, and the feature 
that the user wants to capture. Many of these aspects are 
discussed later in this chapter. The critical tasks are to find the 
modeling capabilities of the particular software platform for the 
desired fidelity of the model and to develop the model using 
these capabilities. This chapter discusses the various aspects of 
advanced modeling of which the user needs to be aware before 
attempting to develop such models in a simulator. In this 
chapter, matrices/vectors are denoted by boldface, italicized 
letters, for example, A and x. The entry in the i” row and J? 
column of a matrix A is denoted by Aj or A(i,j). The ri entry of 
a vector x is denoted by x;. 


16.1 WHY THE NEED FOR ADVANCED 
TOPICS IN STEADY-STATE 
SIMULATION? 


With the advent of affordable, high-speed computers, 
computational work that was unthinkable even ten years ago 
can be easily performed today on a desktop computer. Future 


process engineers will benefit from learning these advanced 


topics for the following reasons: 


In a global economy, the process industries of today face steep 
competition. So, future plants should be exceptionally efficient. This 
type of advanced knowledge can also be used for retrofitting existing 
plants to improve their efficiency. 


Environmental regulations are becoming more and more stringent. 
The process industries are increasingly using advanced simulation 
techniques for modifying existing process plants and for developing 
advanced designs of new plants to maximize profit without violating 
the limits on environmental emissions. A number of examples are 
included in this chapter that focus on modeling acid-gas removal 
(AGR) plants. 


Process engineers can simulate new technologies with reasonable 
effort. Many of the advanced features available in the current process 
simulators make it possible to integrate relevant experimental data in 
the process simulation. This results in a more accurate prediction 
over a wide range of operating conditions, something that is difficult, 
costly, and time consuming with an experiment-only approach. 


Large databases of thermodynamic as well as reaction data are now 
available. Such a database can be easily incorporated into the process 
model for a more accurate and more predictive model. 


There is growing interest within the process industries in 
understanding process systems better and benefiting from that 
understanding, not only by modifying the process/plant but also by 
monitoring the plant, predicting when problems may occur, and 
subsequent troubleshooting. 


Advanced modeling techniques can also help in identifying possible 
heat and work integration between various units of a process or 
between separate processes within a large chemical complex. This, in 
turn, helps to improve the plant profitability and operational 
flexibility. 


Availability of higher computational power makes it possible to 
simulate very complicated process plants with reasonable effort 
within a reasonable time. Understanding the techniques employed by 
the process simulators can really help in setting up large-scale 
simulations. 


Advanced solvers and optimization algorithms are also available in 
commercial process simulators that enable the optimal solution to be 
found quickly and efficiently. 


The implementation of advanced techniques also facilitates rapid 
screening between alternative and competing technologies and 
designs. 


16.2 USER-ADDED MODELS 


User-added models (UAMs) can be created in a number of 
process simulators to overcome the following limitations: 


e Even though simulators contain models of most process unit 


operations, the user may be interested in a higher-fidelity model, or 
the unit operation model is not available in the library of the process 
simulator. 


The required thermodynamic and/or transport models to represent a 
system are not available in the process simulator. 


e Additional stream information is needed. 


e Additional calculations are needed to complement the existing unit 


operation models. 


In general, the UAMs need to communicate with the existing 
models in a flowsheet, and the simulator should be able to 
communicate with the UAMs. The UAMs are usually created in 
FORTRAN, C, Excel, VB, or some proprietary language such as 
Aspen Custom Modeler (ACM) in the Aspen Plus environment. 
Knowledge of these languages is essential, in addition to a clear 
understanding of the modeling requirements and the 
functioning of the software. Configuration of these compilers is 
usually simulator specific and will not be discussed here. In 
addition, certain rules must be followed while using a 
programming language in a particular simulator environment. 
This information is normally available in the user manual of the 
specific software. The software must know the location of a 
UAM if it is not physically connected to other blocks in the 
flowsheet, as is usually the case for unit operation models. 
Depending on the simulator environment, the user can make 
CAPE-OPEN-compliant UAMs, so that the process simulator 
can call these UAMs through suitable interfaces. The CAPE- 
OPEN-compliant UAMs need to follow CAPE-OPEN standards. 
These standards are managed by CAPE-OPEN Laboratories 
Network (CO-LaN) [1] and help the computer-aided process 
engineering (CAPE) applications to communicate with each 
other. 


16.2.1 Unit Operation Models 


User-added unit operation models (UAUOM) can be stand- 
alone models, where everything needed for executing the model 
is part of the model itself. This includes the properties database 
and thermodynamic and transport models in addition to the 
model equations such as mass, momentum, species, energy 
conservation, and other constitutive relations. Then the 
simulator is simply used for interfacing with other models and 
for solving the system of relevant equations. Quite often, all or 
part of the properties database and thermodynamic and 
transport models is used. Function calls can be made to 
available routines in the simulator. Hence, a strategy might be 
to use the existing database, thermodynamic and transport 
models, and routines (or functions) from the simulator as much 
as possible and then to write equations for only those 
mechanisms/aspects that are not available or are unsatisfactory. 
The UAUOMs are often included as part of a user library, so 
that they can be used like other blocks available in the standard 
library. 

For many unit operations, estimation of the phase 
equilibrium is one of the most important calculations. 
Calculation of phase equilibrium is an iterative procedure. 
Robust solution algorithms that can converge to a solution 
starting with a poor initial guess are often available in process 
simulators for phase-equilibrium calculations. The user can 
make use of these algorithms for solving user thermodynamic 


models. A number of options are available in the input 
arguments when the function call is made. If a function call is 
made for the phase-equilibrium calculations, it must be checked 
(as part of the UAUOM) to ensure that a successful solution has 
been reached before using the output and concluding that the 
simulation has been solved successfully. For calculating the 
phase equilibrium and mass and heat transport (momentum 
transport is often approximated by some constitutive law in a 
simulator environment), function calls can be made for 
calculating all or part of the thermodynamic and transport 
properties for the pure species and mixture by using the inbuilt 
models. Care must be exercised about the phase to which a 
model is applied and the properties that are needed for 
subsequent calculations. If Newton’s method or a quasi-Newton 
method is used for solving the system of equations that requires 
the calculation of the partial derivatives of thermodynamic 
properties, the built-in routines can be used or codes can be 
written for calculating analytical and/or numerical Jacobians 
(defined in the discussion below). Note that substantial memory 
may be used in calculating these property derivatives, especially 
when a substantial number of species are present. Available 
options should be explored within a particular simulator for 
decreasing the computational cost. 

For diagnostics in case of a convergence failure, special 
functions are available that generate some code or message 
from which the reason for the failure can be identified. Function 
calls can be made to the available mass and energy balance 
routines in the simulator. Again, the required inputs should be 
provided, and the outputs needed for the subsequent blocks 
should be calculated. Convergence of the unit should be checked 
by generating some flag/message/code. 

When the user model is located in a separate Excel or 
FORTRAN or C file, the required inputs are passed on to that 
model from the simulator, the equation(s) is (are) solved in the 
user model, and the retrieved outputs are used for the 
subsequent blocks. In essence, the following steps are most 
often required: Step 1: The model is developed by writing out 
the equations in the format required by the simulator. If 
Newton’s method or a quasi-Newton method is used for solving 
the system of equations, then a matrix is generated that 
contains first-order partial derivatives of the above-mentioned 
equations with respect to the variables. This matrix is known as 
the Jacobian matrix. If the vector of the system of equations is 


given by fand the vector of variables is given by x, then the 
af 


Jacobian matrix J is given by J;; = a 
j 


Step 2: The built-in functions to be used must be specified. 
These include all thermodynamic and transport models, use of 
available databanks for physical properties and other 
parameters, and routines for mass and energy (and momentum) 
conservation equations and for generating diagnostic messages. 


The specific phase and whether pure or mixed species systems 
are to be used in these routines must be determined. The 
arguments needed must be satisfied, and it must be ensured 
that the correct messages are displayed when a routine or the 
entire system fails to solve. 


Step 3: The input and output arguments in the calling 
sequence must be satisfied. The mapping of the input and 
output data must be correct. Other aspects that need attention 
in the calling sequence include parameter requirements, stream 
structure, data classification, parameter and variable data 
structure, types of variables and their mapping, sign 
conventions for heat and power, and so on. 


Step 4: Any other specific requirements must be satisfied, 
such as specific report format and block initialization. Quite 
often, the variables must be scaled in magnitude for solution. 
The scaling and rescaling must be appropriate and correct. 


Step 5: The code for the user model must satisfy the syntax 
requirement that is needed to compile it. 


It is also important to ensure that the communication with 
the simulator is seamless and the calling sequence meets the 
requirements of the user. The robustness of the simulation 
should be checked by changing the input conditions. In some 
simulators, subroutines can be added to calculate some user- 
defined functions within the built-in user models, depending 
upon the simulator and particular unit operation model. These 
may include heat transfer rates, performance curves of pumps 
and compressors, mass and heat transfer coefficients, and tray 
and packing parameters in a distillation column. Example 16.1 
will clarify these steps further. 


16.2.2 User Thermodynamic and Transport Models 


If the available thermodynamic and transport models are not 
satisfactory, the user can provide custom models. Properties of 
the pure species and species in a mixture can be calculated 
along with the bulk properties. For calculating the properties in 
a mixture, pure-component properties are usually used. Again, 
for pure-component properties, certain correlations may be 
used that depend upon other pure-component properties. For 
example, if the diffusion of a species in a mixture is calculated 
using the Stefan-Maxwell or similar equations [2], then the 
binary diffusivities between species i and all other species j are 
needed. To calculate the binary diffusivities, the Chapman- 
Enskog formulation may be used [3], which for an ideal gas can 
be written as 


Dij = 0.0018583,/T? ($ + $) ot 


where D; is the binary diffusivity (cm?/s), T is the temperature of the system in K, M; and M; are the molecular weights of 
species i and j respectively, P is the system pressure in atm, ,; is the dimensionless collision integral, and oj; is the binary size 
parameter (A) that appears in the Lennard-Jones potential between species i and /. 


Before using this formulation, the collision integral Q;; should be known. However, this is a function of So the binary size 
ij 


and energy parameters oj; and ¢;; must be known. 

Example 16.1 demonstrates the development of a UAM that reads the input data from a process simulator, carries out the 
necessary calculations, and writes the output stream data back to the process simulator for subsequent calculations. 

Example 16.1 

A solvent for capturing CO, and H)S is being developed in a laboratory. The K-values are known only at 20 bar and 30°C. The 
values are 4.68, 1.44, and 7.69 x 10—° for CO2, HS, and USR-SOL (the user solvent), respectively. Stream 1 in Figure E16.1(a) 
has the following properties: 


Vapor Product 


and Solvent 


Figure E16.1(a) User Model of a Flash Vessel 

Stream 1 

Composition (mole fraction): 

CO, 0.35 

H2S 0.01 

USR-SOL 0.64 

Temperature (°C) 35.0 

Pressure (bar) 20.0 

Develop a user flash model for which the temperature of the flash vessel is 30°C and the pressure is 20 bar. Write back the 
results of Streams 2 and 3 to the process simulator. The temperatures of Streams 4 and 5 are 50°C and 25°C, respectively. The 
heater blocks, E-2001 and E-2002, are included to ensure that the simulator can continue calculations with the results from the 
UAM. 

Solution 

The problem is set up in Aspen Plus V9.0, and the UAM is developed in Excel 2010. In Aspen Plus, propylene carbonate is used 
as the user solvent for the non-UAM Aspen Plus blocks and for calculating other stream properties such as molecular weight, 
density, and enthalpy. The USER2 block in the Aspen Plus library is used to call the UAM in Excel. A template -xls file from 
the Aspen Plus V9.0 USER library is used for this purpose. The template file contains a number of functions that are required 
for executing a UAM in Excel. In this template file, there are four sheets. The first sheet is named “Aspen INPUT,” a 
screenshot of which is shown in Figure E16.1(b)(a). In this sheet, Stream 1 properties such as species flowrates, total flowrate, 
pressure, enthalpy, vapor and liquid fraction, entropy, density, and molecular weight are passed on from Aspen Plus. In the 
second and third sheets, named “Aspen_Intparams” and “Aspen _Realparams,” the integer and real parameters are passed on 
from the Aspen Plus model of V-2001. In this example, two integer parameters, namely, the temperature (30°C) and pressure 
(20 bar) of V-2001, are declared under “User Arrays” in the USER2 block. Figure E16.1(b)(b) shows a screenshot of the sheet 
named “Aspen_Intparams.” These and additional parameters can also be declared as real parameters in the sheet named 
“Aspen_Realparams.” However, no real parameters are passed on to the user model in this example. Consequently, the sheet 
named “Aspen_Realparams” remains blank. Then a new sheet, called “Main,” is created where the VLE calculation is carried 
out. A screenshot of this sheet is shown in Figure E16.1(b)(c). If F, L, V denote Stream 1, Stream 3, and Stream 2 molar 
flowrates, respectively, and z;, x;, y; denote the respective mole fractions of the species 7, then for an isothermal flash [4] 
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Figure E16.1(b) Screenshots of the Excel Sheets for the VLE UAM: (a) “Aspen _Input” Sheet, (b) “Aspen _Intparams” Sheet, 
(c) “Main” Sheet Where All the Calculations Are Carried Out, and (d) “Aspen_Output” Sheet 
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The VLE problem is solved when $y; — ¥ x; = 0 by manipulating L/F. Cell B22 in this sheet (Figure E16.1[b][c]) shows the 
final value of the residual from the Excel solver. With the value of L/F known, the molar flowrates of the species in the liquid 
and vapor product can easily be obtained. All the calculations are performed in this sheet using the values in the 

“Aspen INPUT” sheet. The values from the “Aspen INPUT” sheet are called by “Aspen Helper” functions. For example, in 
cell B5 of this sheet, the mole fraction of CO in Stream 1 is calculated by obtaining the CO) and total flowrates from the 
“Aspen INPUT” sheet. The cell B5 entry for this calculation is 


“=ahGetValue (Aspen_INPUT, ”CO2”,1) / ahGetValue (Aspen_INPUT, ”"TOTFLOW”,1)” 


It is observed that the values are obtained by referring to the sheet name (such as “Aspen_Intparams’’), variable name (such as 
“TOTFLOW’”), and stream name (such as “1”’) rather than the cell address. This is done to avoid any problem due to changes in 
the cell location of a variable because of the addition of more streams to the block and/or more species to the Aspen Plus 
simulation. In Figure E16.1(b)(d), the Excel sheet named “Aspen Output” shows the values of the stream variables that have 
been referenced to the appropriate cells in the “Main” sheet. These stream variables are the output flowrates along with the 
temperature and pressure. Note that in this screenshot, other stream properties such as enthalpy, entropy, molecular weight, and 
so forth, are not calculated because the species flowrates along with the temperature and pressure fully define the stream, and 
the rest of the properties can be calculated by Aspen Plus. If the calculated values of these properties determined by Aspen Plus 
are not satisfactory, then only these properties need to be calculated in the UAM. These properties are calculated in the USER2 
model in Aspen Plus by carrying out a “Stream Flash” operation. There were no issues faced in simulating E-2001 and E-2002 
located downstream of the flash. The results for Streams 3 and 4 from Aspen Plus are shown in Figure E16.1(c). It is observed 
that Aspen Plus has calculated the remaining properties. 
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Figure E16.1(c) Results of Streams 3 and 4 Showing That the Missing Stream Properties from the Excel UAM Are Calculated 
by Aspen Plus V9.0 


16.2.3 User Kinetic Models 

In process simulators, variations of power-law- and Langmuir-Hinshelwood-type expressions are available along with 
Arrhenius-type expressions for the pre-exponential factor. However, a specific kinetic model may be needed that is not 
consistent with the built-in models. While developing user kinetic models, the following items must be considered: 

The phase(s) in which the reaction(s) takes place 

The differences in specification between catalytic and noncatalytic reactions 

The interpretation of signs that will depend on whether consumption or generation is considered 

In addition, simulators may have some predefined units for the rate of reactions based on the phase and/or whether the reaction 
is catalytic or noncatalytic, and the user-added rate expressions must be consistent with these units. These requirements may 
vary depending on the unit operation model that calls the user-added kinetic models. For example, in a particular stage of a 
reactive distillation column, the temperatures used in the reaction rates are different based on the phase of the reaction, while a 
single temperature is used in a CSTR model. In Example 16.2, a UAM passes on specified inputs to a reactor model in a 
simulator, runs the model, retrieves the results, and then performs some calculations with the retrieved results. 

Example 16.2 

Develop a model of a coal-fed gasifier as shown in Figure E16.2(a). The base-case properties of Streams S1 and S2 (here a 
different naming convention is used for reasons to be explained later) are as follows: 


Coal Slurry 


R-2001 


Gasifier Product 
Figure E16.2(a) Flowsheet of the Gasifier 
Properties of Stream S1 
Species Mass Flowrates (kg/s): 
H 0.45 
Oz 0.69 
N> 0.12 
S 0.25 
C 6.38 
H20 5.21 
Ash 1.00 
Total Flowrate (kg/s) 14.10 
Temperature (°C) 100.0 
Pressure (bar) 51.0 
Properties of Stream S2 
Composition (mole fraction): 
Oz 0.95 
N2 0.018 
Ar 0.032 
Total Flowrate (kg/s) 8.28 
Temperature (°C) 200.0 
Pressure (bar) 51.0 
Consider ash to be pure silicon dioxide (SiO2), and treat the ash and carbon as pure solids. Simulate the gasifier considering 
simultaneous physical and chemical equilibrium. The operating pressure is 50 bar and the heat duty is —4133 kW (i.e., heat loss 
to the surroundings). Once the base-case simulation is developed, calculate the gasifier cold gas efficiency as the water/coal and 
oxidant/coal ratios (both ratios are on a mass basis) are changed. The coal flowrate in these two ratios is that of the wet coal 
flowrate. For this study, develop a UAM in Excel or FORTRAN or C, or any other software interface from which inputs can be 
written to the process simulator model and outputs can be obtained. For Stream S1, 1.11 kg/s of mass flow is due to the wet coal 
and 4.1 kg/s is the added water for preparing the slurry. Subtracting this added water from the total flowrate of Stream S1, the 
wet coal flowrate in Stream S1 can be calculated to be 10 kg/s. 


Water Flowrate in Stream S1 = RwCw + Wc 
Flowrate of Stream S2 = Ro, Cw 
Heat Duty of R — 2001 (kW) = —250 — 4690Ro, 


(121) Fw m +(10.2)Fw,co+ (49-9) Fw,cu, 
(27.151)Cw 


Cold Gas Efficiency (%) = 


where Ry is the water/coal ratio, Cy is the wet coal flowrate (= 10 kg/s in the base case), Wc is the flowrate of water contained 
the wet coal (= 1.1 kg/s in the base case), and Ro, is the oxidant/coal ratio. Fw, p, , Fw,co, and Fw,cu, are the mass 
flowrates (kg/s) of H2, CO, and CHy in Stream S3, respectively. For the heat-loss term, follow the convention for your 
simulator. The equation above is written following the convention that a negative heat duty is treated as heat loss to the 
environment. The heat-loss term is not particularly accurate but is used for estimation purposes only. Calculate the gasified cold 
gas efficiency by varying the Ro, in the range 0.670—0.920 with Ry = 0.410 and by varying Rw in the range 0.300—-0.450 with 
Ro, = 0.828. 

Solution 

The problem is set up in Aspen Plus V9.0 using an “RGibbs” block for simulating the gasifier. The Peng-Robinson (PR) EOS is 
used. The following products are considered: CO, CO2, H2, H20, O2, C, N2, CH4, ash (inert), S, H2S, NH3, Ar (inert). Because 
of the presence of solids, the stream class is declared as MIXCISLD. This stream class supports conventional solids without 
particle size distributions along with a mixed substream to handle other liquid and gaseous species. Once the base-case model is 
developed and solved successfully, an Excel file is generated that can interact with the Aspen Plus V9.0 file using the COM 
interface. Figure E16.2(b) shows the Excel file with the calculations, the function calls, and the plot. The location of the Aspen 
Plus V9.0 file is shown in cell A1. For establishing a link with the Aspen Plus V9.0 file and for closing it, two buttons are 
created to which the macros “OpenSim” and “CloseSim” are assigned. These macros can be seen in Figure E16.2(c). 
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Figure E16.2(b) Excel Sheet for Writing to and Retrieving Results from a Gasifier Model Developed in Aspen Plus V9.0 
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End Function 

Figure E16.2(c) Screenshot of the VBA Code in Excel for Example 16.2 

Along with the macros, a function named GASIFIER is created for passing on the changed oxidant flowrate (total flowrate of 
Stream S2), the water flowrate in Stream S1, and the heat duty to R-2001. The screenshot of the VBA code of this function is 
shown in Figure E16.2(c). The function runs the Aspen Plus simulation and retrieves the flowrates of Hz, CO, and CH4 in 
Stream S3. Note that the output of this function is an array of three elements. Therefore, three cells must be selected for 
receiving outputs from the function GASIFIER. For example, if it is desired to evaluate this function with inputs from cells C8, 
D8, and E8, then three cells (F8, G8, and H8 in Figure E16.2/c]) are selected, the equation “=GASIFIER(C8,D8,E8)” is 
inserted, and Ctrl + Shift + Enter is pressed. The gasifier cold gas efficiency is then calculated by using those results. 
Appropriate cells are selected for plotting the figures on the right-hand side of Figure E16.2(c). 

Once the above-mentioned steps are performed, first communication with the Aspen Plus simulation is established by pressing 
the “Open Gasifier Simulation” button. The values in columns A and B can be changed for calculating the gasifier cold gas 
efficiency and generating the plots. At the end, the “Close Gasifier Simulation” button is pressed to close the simulation. The 
gasifier model developed here is not very accurate. A kinetic model along with appropriate modeling of the hydrodynamics 
would be needed for more accurate predictions. This simple model is developed only for demonstration of the UAM. 

It should be noted that in Example E16.1, the process simulator (Aspen Plus) was the master. It called the UAM and continued 
with other blocks after obtaining a solution from the UAM. Therefore, Aspen Plus provided the input specification to the UAM. 
In Example E16.2, the Excel UAM is the master that calls the process simulator (Aspen Plus V9.0) and continues with other 
calculations after obtaining a solution from the process simulator. The correct approach to use depends upon the user’s interest. 


For complicated simulations, multiple UAMs and process simulator models can be called in a single simulation. 
16.3 SOLUTION STRATEGY FOR STEADY-STATE SIMULATIONS 
As process flowsheets become more complex, the default features of a process simulator may not be sufficient. For example, 


when simulating the benzene production process illustrated in Figure 1.3, which is a relatively simple process, there should be 
little difficulty converging to a solution. However, when simulating a far more complex process, such as the coal to higher 
alcohol process illustrated in Figure 1.2, the default features of the process simulator may not be sufficient to obtain a converged 
solution rapidly, if at all. This is because every block in Figure 1.2 is a chemical process at the level of complexity of the 
benzene process. There are recycle loops within each block as well as recycle loops between the blocks, so the sequence and 
method of solution may have to be selected. 

Other than the unit operation blocks, the process simulators may have two types of computational blocks that need to be solved, 
if implemented, along with the unit operation models. The first type satisfies the design specifications and works like a feedback 
controller. It satisfies a design specification by manipulating an input variable to a block or some specification of a block within 
some given bounds. That is why it is also called a controller in some simulators. These blocks will be called design blocks here. 
To the best of the authors’ knowledge, all existing process simulators allow only one manipulated variable per design block. The 
second type of computational block is usually called a calculator block, and it calculates the value of some parameter or 
variable or some input condition based on user-defined calculations. These blocks can be considered to be feed-forward 
controllers. In addition, it may be necessary to solve an optimization problem that introduces another iterative loop, and this will 
be discussed in more detail later. 

In Chapter 13, three types of solution methods—sequential modular, equation-oriented (simultaneous nonmodular), and 


simultaneous modular—were introduced along with the concept of tear streams. Under most circumstances, the sequential 
modular method, which is the default method in most process simulators, works very well. For large flowsheets involving 
multiple recycles and design and calculator blocks, other methods may be more efficient. The following discussion focuses on 


the advantages and disadvantages of these methods and the impacts of the various options available in the process simulator. 
16.3.1 Sequential Modular (SM) 
In the SM approach, the unit operation blocks, design blocks, and calculator blocks are solved sequentially. The sequence is 


defined by the following steps: Step 1: The main flowsheet consisting of all the blocks is divided into independent subsystems. 
This is known as partitioning. 

Step 2: The order in which the subsystems (partitions) will be solved sequentially is determined. This is known as precedence 
ordering. 

Step 3: Tear streams (or tear variables for some systems) are determined for each subsystem. There can be multiple tear streams 
in one subsystem. 

Step 4: Precedence ordering (sequencing) of the blocks in each subsystem is then determined, and the system containing one or 
multiple tear streams and design and calculator blocks (if any) is solved. 

These steps are discussed in more detail with examples. In this section, emphasis will be placed on solution methodologies, 
where the focus is on partitioning, sequencing, and tear streams. The following terminology is used for convenience of 
discussion: B1, B2, and so on, to denote blocks; F1, F2, and so on, to denote feed streams; P1, P2, and so on, to denote product 
streams; R1, R2, and so on, to denote recycle streams; and S1, S2, and so on, to denote all other streams. 

Steps 1 and 2. Partitioning determines the smallest group of unit operation blocks that can be solved independently. If there are 
no recycles/design blocks/calculator blocks, this results in the simplest case, where each subsystem contains only one unit 
operation block. For partitioning and precedence ordering, the flowsheet can be represented by a directed graph (DG). Consider 
the flowsheet of an acid-gas removal (AGR) plant using chilled methanol, shown in Figure 16.1. The acid gas is first cooled in 
cooler B1 and enters the absorber, B2, where the solvent is chilled methanol. The bottom product from the column B2 goes to 
the stripper, B3, where nitrogen is used for stripping. A makeup stream of methanol is mixed with the bottom product from B3. 
It is then pumped by B5, cooled in B6, and sent back to B2. The stripper off-gas is heated in B7. Note that this is a very simple 
configuration of an AGR plant using chilled methanol. In reality, the plant configuration is much more complicated. 
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Figure 16.1 Simple Flowsheet of an Acid-Gas Removal (AGR) Process Using Chilled Methanol 


The corresponding DG is shown in Figure 16.2. In Figure 16.2, the vertices (circles) represent the units, and the edges (lines) 
represent connections between two units. By inspecting Figure 16.2, it can be seen that there are three strongly connected 


components, {B1}, {B2, B3, B4, B5, and B6}, and {B7}. So this flowsheet can be partitioned into three subsystems, and then 
subsystem {B1} is solved first and {B7} is solved last. Subsystem {B2, B3, B4, B5, and B6} involves a recycle loop; therefore, 
special techniques involving tearing and precedence ordering are applied. This will be discussed later. 
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Figure 16.2 Directed Graph (DG) of the Acid-Gas Removal (AGR) Plant 

For a simple system like this, the partitioning and precedence ordering can be determined manually. However, for large systems 
involving hundreds of unit operation blocks and numerous recycles, a graph-based approach may be difficult. Therefore, large 
systems are best represented by an incidence matrix. In this representation, a matrix A is formed, in which the streams are 
arranged in columns and the units in rows; each cell has a value of +1 for a feed, —1 for a product, and 0 otherwise. For 
example, since Stream S1 is connected as a feed to block B2, A(2, 4) is +1, and because S1 is connected as a product from B1, 
A(1, 4) is —1; otherwise A(3:end, 4) = 0. The incidence matrix for the AGR process is 


F1 F2 F3 S1 S2 $3 S4 S5 S6 S7 P1 P2 
+1 —1 B1 
+1 —1 +1 —1 B2 
+1 +1 —1 -1 B3 
A= +1 +1 —1 B4 
+1 = B5 
+1 —1 B6 
+1 —1] B7 


where blank spaces represent 0. 

In matrix A, any column with a single positive element +1 can be identified as a feed (known), any column with a single 
negative element —1 denotes a final product, and the block in the corresponding row must be solved to obtain its results. Many 
efficient algorithms are available that can consider this incidence matrix and arrange the rows to determine the partitioning and 
precedence ordering. Interested readers are referred to Mah [5]. One of the earliest algorithms, and a popular one, is due to 
Sargent and Westerberg [6]. For this example, the partitioning and precedence ordering is shown in Figure 16.3. 
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Figure 16.3 Partitioning and Precedence Ordering of the AGR Plant 

Once the partitioning and precedence ordering is decided, as shown in Figure 16.3, it can be seen that the only loop that needs to 
be torn is in Partition II. The partitioning reduces the computation time drastically. Sometimes the number of units in a 
subsystem can increase (as does the computational cost) unknowingly. For example, consider implementing a calculator block 
to calculate the makeup solvent flowrate for the above example. The makeup flowrate can be simply calculated as 


Methanol flowrate in P1 + Methanol flowrate in S7 


F3flowrate = 
Methanol concentration in F3 


This calculator block (C1) can be sequenced before block B4. So the sequence is (B2-B3-C1-B4-B5-B6), where the parentheses 
indicate that iteration will be required. It can be seen in Figure |6.4(a) that the number of partitions and the number of unit 
operation blocks in any partition do not change because of the calculator block. Now consider the case when “Methanol 
flowrate in S7” is replaced with “Methanol flowrate in P2,” in the previous equation for the flowrate of F3. In principle, this 
should not alter the result because these flowrates are the same. While there would not be any difference in the results, the 
number of partitions is now two, as shown in Figure 16.4(b), block B7 being part of Partition II. The sequence is now (B2-B3- 
B7-C1-B4-B5-B6). Note that B7 must be solved in each iteration, and the computational cost increases. 
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Figure 16.4 Effect of a Calculator Block on Partitioning: (a) No Change in Partition; (b) Reduced Number of Partitions 
Increases the Computational Cost 
Step 3: The partitions obtained in the previous step may contain a single unit or multiple units. When a partition contains 
multiple units, there exists one or multiple recycles, and the units must be solved simultane ously. However, with an SM 
approach, the unit operation blocks still need to be solved sequentially. So the identification and use of tear streams can 
facilitate this. Subsequently, an algorithm must be applied to update the stream information of the torn stream at each iteration, 
and then some convergence criterion is applied to ensure that the simulation has converged. Even though simulators do these 
tasks automatically, user intervention may be necessary to aid in the convergence, to speed up the convergence, and/or to 
improve the robustness for large and complicated simulations involving multiple recycles. For doing this, a clear understanding 
of how the required algorithms work must be obtained. The important questions to answer are: What stream(s) should be 
considered as tear stream(s)? How is the tear stream information at each iteration to be updated? What should be the 
convergence criteria? 
Answering the first question can be very difficult for systems involving multiple recycle loops in a single partition. The key 
concept of tearing is that enough streams should be torn such that each loop is opened at least once. This is a set-covering 
problem that has multiple solutions. Therefore, to solve this issue, an optimization problem is formulated and solved that 
minimizes a criterion subject to the constraint that the solution belongs to the feasible set (one that satisfies the set-covering 
problem). One or more among the following four criteria should be considered: 
The number of streams in the tear set is minimized. 
The total number of stream variables (unknowns that are converged) is minimized. 
Some cost function based on the difficulty in guessing the stream variables is minimized. 


The total number of times loops are torn is minimized. 
This mathematical programming problem can be written as 


n 
min X` wiz; (16.2) 
i=1 


n 
subject to 5 Cw; > 1Vj 
i=1 


where i denotes streams, j denotes cycles, w; denotes weight of the i” stream, 


Cj, = lif cyclejcontainsi’” stream 


= Ootherwise 


and 


az; = lifi stream is torn 


= Ootherwise 


All process simulators use one or a weighted combination of some of these criteria as the objective function. Accordingly, w; is 
manipulated. 

Process simulators usually execute this step very efficiently. However, it may be necessary to vary the weights to aid in the 
convergence. Consider Figure 16.5, in which there are three recycle streams: R1, R2, and R3. At first glance, it appears that all 
three loops must be torn. However, if either Stream M3 or Stream M4 is torn, then the set-covering problem is solved. The 
question is: Which of these streams should be torn? First, it needs to be determined which stream variables are being converged. 
If the tear stream is a single-phase material stream, the variables are the flowrates of each of the species present in the tear 
stream, the pressure, and the enthalpy. Note also that if the flowrates of each species are conserved within reasonable accuracy, 
the total mass balance will be automatically satisfied. If the tear stream is an energy or work stream, then the only variable that 
needs to be considered is enthalpy/work. If Streams M3 and M4 are material streams, is it easier to provide a better initial guess 
for one than for the other? As an example, assume that block U4 is a heat exchanger for which the temperature has been 
specified. Therefore, an exact initial guess for temperature of M4 can be provided. Further, assume that the block U3 is a mixer 
block. This means that a good initial guess for Stream M3 is probably not available. Per Criterion (3), M4 should be selected as 
the tear stream. When this system is simulated in Aspen Plus V9.0, it identifies M3 as the tear stream. This is because Criteria 
(2) and (3) are used by default in Aspen Plus for identifying the tear stream(s). 
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Figure 16.5 Flowsheet of a Process Containing Multiple Recycle Streams in a Given Partition 


For complicated flowsheets, where the value of the initial guess of the tear stream is very important for convergence, which is 
basically Criterion (3), user intervention may be necessary. As another example, consider an electrolyte system as discussed in 
Section 13.6. If the option is to tear either a liquid or a vapor stream, then tearing a vapor stream will reduce the number of 
variables needed to converge, since the vapor stream does not contain any ions. Another issue, which is often neglected in 
steady-state simulation, is pressure drop. Consider the flowsheet in Figure 16.5. Assume that the pressure drop in each of the 
blocks is 0.1 bar. This yields a total pressure drop of 0.7 bar in the first iteration. If there are multiple inlet streams connected to 
the inlet of a unit operation, most simulators will consider the inlet pressure to be equal to the pressure of the lowest pressure 
stream. If that is the case, then for each iteration, the net system pressure will keep decreasing until it reaches a value of zero. At 
this point, the simulator will declare convergence failure for the simulation. To solve this problem, a pressure-changing device 
such as pump, compressor, or valve should be used, to keep the problem well posed by resetting the pressure at every iteration. 
In many circumstances, multiple tear streams are unavoidable. In addition, design specifications (which can be thought of as 
feedback control loops) introduce additional loops. Some calculator blocks may also introduce additional loops. For example, 
consider the flowsheet in Figure 16.1. The makeup can be added to block B3 instead of B4. However, this creates another loop 


for the calculator block, since one of the variables (the methanol flowrate in S7) is downstream of where the makeup is being 
added. Whenever possible, such loops should be avoided. The design blocks and the calculator blocks along with the tear 
variable(s) can be solved by setting up a nested iteration or by solving the tear stream(s), design specifications, and calculator 
blocks simultaneously. Combinations of nesting and simultaneous approach are, of course, possible and are available in many 
simulators. However, nested iterations are usually more computationally expensive. In addition, the default nesting that specifies 
whether the tear streams (or design blocks/calculator blocks) will be nested inside or outside of a convergence loop may not be 
appropriate. One suggestion, when considering nested loops, is to tighten the tolerances for convergences of the inner nested 
loops, so that the cumulative errors do not result in failure of convergence of the outer nested loops. In a simultaneous solution 
approach, all the variables (tear stream variables, the manipulated variables of the design specs, and the output variables of the 
calculator blocks) are updated simultaneously. A simultaneous solution approach is usually very effective in the case of a large 
number of recycle streams, design blocks, and/or calculator blocks (the ones that create loops). This approach is also effective 
when good initial guesses for the tear streams, the manipulated variables of the design specs, and the output variables of the 
calculator blocks are available. In addition, a simultaneous approach is also preferred when there is strong interaction between 
the tear streams, design blocks, and/or calculator blocks in a partition. Examples 16.3 and 16.4 demonstrate these points. 

Step 4: Once the flowsheet is made acyclic (without recycles) in Step 3, the precedence ordering of the acyclic system can be 
implemented in a similar way to Step 2. The solution of this acyclic system along with the design and calculator blocks, if any, 
is then achieved. The key question for this step is how to update the initial guess at each iteration. Consider Figure 16.6, which 
shows the previous flowsheet after Stream M4 has been torn. Once the tearing and precedence ordering have been implemented, 
the simulator can solve for M4 given an initial guess for M4’ following the sequence U5-U6-U7-U8-U2-U3-U4. Assuming that 
M4 and M4’ are material streams, and if the stream variables (usually flowrates of each of the species present in the tear stream, 
the pressure, and the enthalpy) of M4 and M4’ are denoted by vectors y and x, respectively, then the problem is to find a 
solution of the equation 
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Figure 16.6 Flowsheet in Figure 16.5 after Being Torn 
z-y=0 (16.3) 


During a given iteration, denoted by k, values of x“ are guesses, and the corresponding value of y“ is obtained by solving all the 
blocks in the sequence. This information (i.e., y*) is used in calculating the next initial guess for x that is, x“*!. The solution 
algorithms will vary depending on how x“*! is calculated given y*. 

A number of algorithms are usually available in the simulators, and choosing an appropriate algorithm may become critical for 
convergence under certain circumstances. Making the best choice requires an understanding of these algorithms. A quick review 
of the common algorithms will make clear their limitations and their applicability under most circumstances. 


Direct Substitution: This is the simplest algorithm in which yt is directly used to update xt": 


gktl — y? (16.4) 


It is clear that this approach does not take care of any interaction between different variables and different tear streams and, 
therefore, is usually not a good candidate for processes containing multiple tear streams (possibly with design and/or calculator 
blocks) with a number of variables to converge. The convergence is linear and is therefore slow. In addition, it can be shown 
that for this algorithm to converge, |A|"* (the absolute value of the maximum eigenvalue) of the Jacobian matrix 2 evaluated at 
the solution should be less than 1 and the initial guess should be close to the solution. The speed of convergence depends upon 
how close |A|™** is to 0. The number of iterations (n) needed to reach a given tolerance of € is 
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(16.5) 


where ||Ax‘|| is some norm of Ax* with Ax* = x* — x‘ — xl, Consider a system where |A|™* is 0.996. In comparison to a system 


where |A|™* = 0. 02, there will be at least In(0.02) /1n(0.996) ~ 976 times more iterations needed (assuming € and 


|| Aa® | remain the same). 

Accelerated Successive Substitution (or Relaxation) Methods: It was shown before that as |A|"** moves closer to unity, the 
direct substitution method converges very slowly. Accelerated successive substitution methods seek to accelerate the 
convergence by using a relaxation parameter g. The new estimate is calculated by the equation 


a! = qæĂ + (1—q)y" (16.6) 


Note that when q = 0, the method collapses to the direct substitution algorithm. If q < 0, the method helps to accelerate the 
convergence. If 0 <q < 1, the method helps convergence stabilization by damping. The common methods to choose q are the 
dominant eigenvalue method and Wegstein’s method. 

Dominant Eigenvalue Method (DEM): In this approach, |/|"** is estimated as 


h 


The optimal value of q is then found by assuming that A™™” ~ \™* and A™™ > 0: 
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Ar 
q= De (16.8) 
The problem with this approach is that if the minimum and maximum eigenvalues are wide apart or one of the eigenvalues is 
negative, the approach may fail to converge. 
Wegstein’s Method: The DEM uses a single acceleration parameter for all the variables. However, for some systems, separate 
acceleration parameters for each variable are desired to speed up the convergence. This method applies a secant method to each 
tear variable. The acceleration parameter is given by 


Si 


qi = s;—1 (16.9) 
where 
yey 
b= a (16.10) 


As before, x; and y; are the elements of x and y, respectively. This method works well for subsystems with low interactions. 
These relaxation methods may lead to instability if q; is unbounded. Usually, gt < q; < 0 and the usual value of q™™ is 
about —5. However, this value can be further relaxed to accelerate convergence on a case-by-case basis, as will be shown later. 
Another option is to apply the acceleration after every few direct substitution steps. 

Newton’s Method: In this approach, the following set of equation(s) is solved: 


f(z) =2-y=0 (16.11) 
Iterations using Newton’s method yield a step algorithm given by 
ght! — gk — (J*) * f(a*) (16.12) 


of, 
Ox; ` 
The advantage of this method is the quadratic convergence rate obtained in the vicinity of the solution, and this approach is very 


where the Jacobian matrix Jj; = 


useful for highly interacting systems. However, a good initial guess is required. This approach is computationally expensive 
because of the calculation of the Jacobian. In general, as there is no explicit functional form for y, a numerical Jacobian is 
calculated by perturbing the system 


Of, f,(a*+Aa;)—f,(2*) 
J= mo ae (16.13) 


where Ax; is a small scalar by which x; is perturbed. For N variables, this requires N flowsheet passes (plus one for calculating f 
(x')), which increases the computational cost. 

Broyden’s Method: In Broyden’s method, which is a quasi-Newton method, evaluation of the Jacobian is avoided by 
approximating it based on differences in x and f(x): 
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where së = a* — pk! and rë = f(x*) — f(x"). 

Equation 16.14 can be evaluated in a single pass since it depends upon ak, hl ; f(z"), and fa ), and all of these 
values are available from previous iterations. This approach also avoids inverting the Jacobian. Therefore, it is less 
computationally expensive than Newton’s method, especially for systems with dense matrices and containing large numbers of 
tear variables. However, the rate of convergence is slower than the quadratic rate achieved using Newton’s method. It should 
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also be noted that this method can fail to converge with a poor initial guess for x? and (J>) . (J>) is often approximated 


as (J 2 i = I or calculated in the same manner as Newton’s method, which again increases the computational cost. 

The previous discussion shows that for weakly noninteracting systems, Wegstein’s method with properly chosen acceleration 
parameters can be a very good choice. For highly interacting systems, Broyden’s method is a very good compromise between 
speed of convergence and computational cost. If this approach fails, Newton’s method can be tried. However, all of these 
methods may fail to converge if a poor initial guess is provided. The use of these methods is examined in Example 16.3. 
Example 16.3 

Consider the flowsheet in Figure 16.5. Simulate the blocks U1, U4, and U6 as heat exchangers with outlet temperatures of 
200°C, 300°C, and 400°C, respectively. Simulate all other blocks as mixers/splitters as appropriate. Pure Hz enters the system at 
30°C temperature at a flowrate of 100 kmol/h and a pressure of 12 bar. Assume that the pressure drop is zero in all the blocks. 
Compare the performance of the following tear stream convergence methods: direct substitution, Wegstein’s method (with 
various values for q™, Broyden’s method, and Newton’s method. 

Solution 

This flowsheet is simulated in Aspen Plus V9.0. The performance comparison is shown in Table E16.3. 

Table E16.3 Impact of Initial Guess on Tear Stream Convergence 


Method No Initial Guess for the Tear Stream Good Initial Guess for the Tear Stream 
No. of IterationsNo. of Flowsheet PassesNo. of Iterations No. of Flowsheet Passes 

Direct Substitution 2645 2645 5 5 

Wegstein’s Method394 394 4 4 

(g™ = —5) 

Wegstein’s Method62 62 3 3 

(g™ = —40) 

Wegstein’s Method 12 12 2 2 

(g™ =-]1 75)* 

Broyden’s Method 14 14 2 

Newton’s Method 6 36 1 3 


* Such a low value is not usually advisable because of instability. 

For this flowsheet, there are only three tear variables, namely, the flowrate of the single species, the pressure, and the enthalpy. 
As mentioned before, the required number of flowsheet passes for calculating the Jacobian for Newton’s method will keep 
increasing as the number of tear variables increases. This example demonstrates the importance of providing a good initial 
guess. Unfortunately, there is no “perfect” approach for generating the initial guesses. Once again, all options for tear streams 
must be considered to see if there is a preferred way to generate “good” initial guesses using process considerations. 

It has been mentioned before that a single simulation can have one or more design and calculator blocks along with one or more 
tear variable(s). In such cases, the nesting option can play a crucial role, along with the solver algorithms, in obtaining a 
converged solution. Example 16.4 will illustrate these points. 

Example 16.4 

Consider the flowsheet in Figure E16.4(a). 
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Figure E16.4(a) Flowsheet of an AGR Plant Using Chilled Methanol 
Stream F1 has the following properties: 
Composition (mol%): 


CO; 28.02 
HDS 0.807 
eo) 20.2 
N> 15.7 
Cos 0.045 
H> 33.19 
CH, 2.0 


Temperature (°C) 37.8 

Pressure (atma) 27.56 

Total Flow (kmol/h)0.984 

Set up the absorber as an equilibrium-stage column containing ten theoretical stages with the solvent being fed to the top stage 
and the acid gas below the bottom stage. Note that any of S4, S5, S6 ... can be chosen as a tear stream or may be identified by 
the simulator as a tear stream. However, in this problem, use S6 as the tear stream, since its temperature and pressure are known 
to be exactly —37.05°C and 27.26 atm, respectively. As mentioned before, this system will have an infinite number of solutions 
based on the initial guess provided for the tear stream (S6 here) because the system is underspecified. To converge to a unique 
solution, a design block must be implemented that manipulates the circulation rate to satisfy some desired specification for the 
clean syngas. Some changes in the plant configuration are also needed. That particular problem is solved later in Example 16.6. 
For the current example, an initial guess for S6 = 13.74 kmol/h is provided, and it is assumed to be pure methanol. 

For this system, do the following: 

First, implement a calculator block that will calculate the makeup solvent flowrate based on the methanol loss in Streams P1 and 
S7. Where in the sequence should the calculator block be executed? What are the compositions of P1 and S7? What happens if 
the calculator block is deleted? Why? 

Second, implement a design specification that manipulates the flowrate of F2 (N, stream) to block B3 to ensure that the 
methanol purity in the bottom product of block B3 is 98%. What is the convergence sequence? Change the nesting option and 
check whether the simulation converges. 

Finally, connect F3 (makeup stream) to block B3. Does the simulation converge as the nesting options are changed? Why or 
why not? 


Solution 

The simulation is developed in Aspen Plus V9.0 by modifying one of the example methanol absorbers available in its example 
flowsheet. This is available in Program Files\AspenTech\Aspen Plus V9.0\GUI\Examples\Physical Solvents. When simulating 
using other platforms, note that the perturbed-chain statistical associating fluid theory (PC-SAFT) property method is used. In 
this model, the thermophysical property models have been validated against DIPPR correlations for species vapor pressure and 
liquid density and literature data for liquid heat capacity, heat of vaporization, and VLE. Because equilibrium-tray calculations 
are used in this simulation, any differences in transport parameters will not make a significant difference to the solution. 

The calculator block is implemented by calculating the makeup flowrate = methanol flowrate in P1 + methanol flowrate in S7. 
In the automatically generated convergence sequence, as expected, the calculator block is executed just before block B4. So the 
sequence is B1-(B2-B3-C1-B4-B5-B6)-B7. As the value of the variables in the right-hand side of the previous equation is 
known before executing block B4, no additional loop is created by the calculator block. The initial value for the makeup 
flowrate is 1.36 kmol/h. Note that the initial value is not important for this case as the calculator block is not solved iteratively. 
Table E16.4(a) shows the performance results for each of the methods. 

Table E16.4(a) Performance of Various Methods for Tear Stream Convergence 


Method No. of IterationsNo. of Flowsheet PassesTime Taken (s) 
Direct Substitution 35 35 2.4 
Wegstein’s Method35 35 2.4 
Broyden’s Method 13 13 0.8 
Newton’s Method 8 107 8.5 


Based on the number of iterations and solution time, Broyden’s method is found to be the most economical. Newton’s method is 
the most expensive because of the much higher number of flowsheet passes (iterations). Note that there are ten tear variables 
here (eight species flowrates, one pressure, and one enthalpy), and they are perturbed individually (generating one flowsheet 
pass for each perturbation) to generate the Jacobian matrix. To generate the results shown in Table E16.4(a), the results from 
one method must be purged prior to resimulating using another convergence method. Otherwise, by default, the solver will start 
with the results from the previously converged solution and converge without any further iteration. Table E16.4(b) shows the 
compositions of Products 1 and 2. 

Table K16.4(b) Composition of Streams P1 and S7 

Species P1 (mole fraction)S7 (mole fraction) 


Methanol1.04 x 1074 6.58 x 1074 
CO, 0.024 0.121 
HyS 6.8 x 1074 3.47 x 1074 
CO 0.245 0.020 
N> 0.236 0.841 
COS 3.79 x 10° 1.94 x 104 
H> 0.485 8.34 x 10 
CH, 9.62 x 10-7 6.27 x 10-3 


When the calculator block is removed, the simulation fails to converge no matter what method is used. The actual flowrate of F3 
(makeup) is about 0.0015 kmol/h, whereas the initial value (guess) for F3 is 1.36 kmol/h. When the calculator block is included, 
it manipulates the flowrate of F3 based on the losses from the system. In the absence of the calculator, there can be mass buildup 
or loss in the system based on the flowrate of F3. To satisfy the mass balance, losses of methanol in P1 and S7 have to be 
balanced by the methanol added through the makeup stream. By tracking the progress of the solver at each iteration, it is seen 
that the flowrate of the tear stream (S6) keeps increasing when the calculator block is not present. Finally, the column fails to 
converge because of a very high solvent/gas ratio. The mass imbalance problem is a key issue. Each species that comes into the 
system must have a way to leave. Any mass accumulation or depletion will eventually lead to failure in convergence, and the 
reason for the convergence failure will generally not be identified by the solver. For a large flowsheet, such an ill-posed problem 
can be extremely difficult to identify. The solution of the calculator block from previous simulation is now considered. By using 
this flowrate in the input specification for the makeup flowrate, the simulation will now converge even in the absence of the 
calculator block because of the exact initial guess corresponding to the circulating flowrate. 

A design block, named DS1, is implemented by creating a design specification under Data|Flowsheeting Options|Design Spec. 
The bounds for the manipulated variable (flowrate of F2) are 0.45—4.5 kmol/h. This design block creates another loop. First, the 
design specification is solved by nesting it inside the tear stream. The following sequence is automatically generated by Aspen 
Plus: B1-(B2-{B3}-C1-B4-B5-B6)-B7. The parentheses and the curly brackets denote the outer and inner convergence loops, 
respectively. Both loops are solved using Broyden’s method. The converged flowrate of N> is 1.93 kmol/h, and this approach 
takes 1.5 s to solve. Next, the design specification is nested outside the tear loop, again using Broyden’s method. The 


convergence sequence is B1-({B2-B3-C1-B4-B5-B6})-B7. Notice that the innermost convergence loop now has six blocks 
instead of the one it had previously. It takes 5.1 s to solve this problem. Finally, the design specification and tear streams are 
converged simultaneously. The sequence is B1-(B2-B3-C1-B4-B5-B6)-B7, and this approach takes about 2.2 s to solve. For this 
particular simulation, solving the tear streams and design specifications simultaneously is not advantageous as the interaction is 
not very strong. Even though all the approaches converge, the times taken are very different. This may not matter for such a 
small simulation, but for large simulations, this can make a substantial difference. 

The changed configuration made by connecting the makeup to block B3 is shown in Figure E16.4(b). In this case, the calculator 
block creates a loop as the value of methanol flowrate in S7 can be obtained after solving B3. Because of this, the calculator 
export variable (flowrate of Stream F3) should be torn in Aspen Plus by clicking the appropriate check box under 
Data|Convergence|Conv Options|Sequencing. For this approach, it is assumed that the initial value is kept the same as the old 
initial value, that is, 1.36 kmol/h. When the design specification is nested inside the convergence block that solves the tear 
stream and the calculator block, the sequence is B1-(B2-{B3}-B4-B5-B6-C1)-B7. Here, as before, the convergence block that 
solves the design specification has only B3 in it. Notice that the sequence in which the calculator block C1 is considered is 
automatically generated by Aspen Plus, since the calculator tear is being converged simultaneously with the tear stream and the 
tear stream is updated at the end of the sequence. This approach fails to solve when Broyden’s method is used for both 
convergence blocks. Since both F2 (manipulated by the design spec) and F3 (manipulated by the calculator block) go to the 
same block, and both affect the purity of the solvent, the system becomes strongly interacting. When the design specification is 
solved by Newton’s method, with Broyden’s method for the other convergence block, it solves in 1.5 s. When the design 
specification is nested outside the convergence block that solves the tear stream and the calculator tear, the sequence is B1- 
({B2-B3-B4-B5-B6-C1})-B7. This approach takes 4.8 s to converge when Broyden’s method is used for both convergence 
loops and 4.3 s when the design convergence loop is converged by Newton’s method. When the design specification, tear 
variable, and calculator blocks are all simultaneously converged, it takes Broyden’s method 2.2 s to converge, while Newton’s 
method takes 15.2 s to converge. 


[ Temperature,°C 
Fo OU Pressure, atm E 1 
€ F Flowrate, kmol/h Methanol Flowrate in P1 Clean Gas 


| 
DP for B1, B7, B6 = 0.34 atm iia 


/ 27.0 \ Methanol Flowrate in S7 
~~ 


B6 


S © =X Mim 


26.7 
10 stages 


TA g 
o SobA O SO aa d 


| | Rich Acid Gas 
B3 | 
Acid Gas Flash Vessel | 
62> as esse | 
[Sasa | 
| | 
| | 
® | 
i |i 
Nitrogen [z6 \ | 
D | 
tin 
i ca | 
Bese 
7 


Pure Methanol 
Figure E16.4(b) Modified Flowsheet of the AGR Plant When F3 (the Makeup Stream) Is Connected to B3 
Example 16.4 demonstrates that when multiple tear streams, design blocks, and calculator blocks are present, an appropriate 
nesting along with an appropriate solution method is very important and can significantly affect the time to obtain a solution and 


the ability to get a solution. 

16.3.2 Equation-Oriented (EO) 

In the EO approach, all the equations are collected together and solved simultaneously. This approach is preferable to the SM 
strategy for highly heat-and/or mass-and/or work-integrated systems. This approach is also advantageous in the presence of 
highly interacting, multiple-design specifications and calculator blocks (that create additional loops). As the number of 
flowsheet passes keeps increasing, the SM approach becomes computationally very expensive. In the case of process 
optimization, when the flowsheet is solved many times, the EO approach is clearly beneficial for complicated flowsheets. In 
addition, the first-and second-order derivatives are usually needed for optimization. Because of the limitations in the approach, 
these derivatives are calculated numerically. However, because in an EO approach all the model equations are available, an 
analytical first and second derivative can be calculated, which improves the accuracy. There are exceptions to this for models 
whose equations are not supported by EO solvers or for certain user models or for units handling solids. The downside of the 
EO strategy is that the initial guesses are usually generated by solving an SM problem or iterating the SM problem at least once. 
If this initial guess is “bad,” then the EO approach may fail to converge. Generation of a “good” initial guess is the most critical 
deciding factor for the success of the EO approach. If an EO approach fails to converge, the failure can be very difficult to 
troubleshoot. In the case of an SM strategy, the convergence failure usually can be easily identified, since the particular unit 
operation block, tear stream, design block, or calculator block that fails will be identified. This facilitates troubleshooting the 
problem by focusing on that block or on its inputs by tracking the progress of the solver from iteration to iteration. 

The workhorse of the solvers used in the EO approach is still Newton’s method or a quasi-Newton method. Newton’s step has 
been mentioned before. In practice, instead of inverting the Jacobian, the following equations are solved: 


rtl — ok + gk d" 

- : (16.15) 

J*d* = f(x") 

These equations are solved by exploiting the sparsity of the Jacobian matrix, typical of large process simulations. A block- 
decomposition algorithm is applied to the incidence matrix that permutes the rows (equations) and columns (variables) to 
generate a block lower-triangular structure with minimal blocks, as shown in Figure 16.7. This approach decomposes the system 
into a series of subproblems that can be solved faster than the original problem. In addition, derivative calculation for the off- 
diagonal blocks is never needed, which again increases the speed. 
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Figure 16.7 Structure of the Block Lower-Triangular Matrix 
Other than the equations declared explicitly in the simulation, the EO solver usually has to solve equations where a function call 
is made to a subroutine written in C, FORTRAN, or another language. It is possible that the subroutine itself needs an iterative 
solution to converge. For example, consider a subroutine for an isothermal flash calculation where the current pressure, 
temperature, and feed composition are passed to the subroutine, which then iteratively solves and returns the values for liquid 
and vapor compositions and the liquid/feed ratio. In such a case, this creates an inner loop that must be solved in each iteration. 
Examples of such function calls are those made to physical property subroutines. 
Rather than using Newton’s method or the quasi-Newton methods discussed before, the system of nonlinear algebraic equations 
can be solved using an optimization approach. In an optimization problem, in general, the minimum (or maximum) of an 
objective function is calculated: 

min g(x) (16.16) 
For finding the minima, the problem that is solved is g'(x) = 0. Note again that this is similar to a root-finding problem for a 
system of nonlinear algebraic equations, f(x) = 0. Therefore, there are a number of optimization algorithms that can be used to 
solve these nonlinear equations. A detailed discussion about all the methods available to solve these problems is beyond the 
scope of this text. Instead the interested reader is referred to comprehensive publications in this area [7, 8]. However, it should 
be noted that the real advantage of using an optimization problem lies in the possibility of evaluating the objective function and 


forcing it to decrease as the iteration continues along with the availability of powerful and efficient algorithms to achieve this 
aim. 

In summary, it is noted that a solution is not guaranteed for any arbitrary system, no matter what approach is taken. In addition, 
it is essential to reiterate the importance of a good initial guess, especially when using an EO approach. The main advantages of 
the SM approach are easier initialization and reduced effort in problem formulation. However, for complicated problems with a 
large number of tear streams, design blocks, and calculator blocks, and for optimization problems, the SM approach not only 
becomes computationally expensive but may also fail. For such systems, the EO approach becomes a real advantage, provided 
that some reasonable initial guess can be provided. 

16.3.3 Simultaneous Modular (SMod) 

This is basically a hybrid between the SM and EO approaches, exploiting their strengths in respective areas. In the SMod 
approach, SM is used for subsystems with low to medium levels of interaction, while the EO approach is used for highly 
interactive subsystems. To illustrate the effect of the various sequences, algorithms, and approaches on the convergence of a 
simulation, Example 16.5 is provided. 

Example 16.5 

Consider the flowsheet in Figure E16.5. This is modified from Example 16.4(b). At the end of Example 16.4(b), the flowsheet 
has a design block, DS1, that manipulates the F2 flowrate to block B3 and a calculator block, C1, that calculates the F3 flowrate. 
For this new system, do the following: 
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Figure E16.5 Modified Flowsheet of an AGR Plant Using Chilled Methanol 
As shown in Figure E16.5, implement another design specification, DS2, that manipulates the temperature at the outlet of the 
cooler, B6, to satisfy a CO, mole fraction of 0.02 in P1 from the absorber, B2. Obtain a converged solution for this simulation 
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using various algorithms with an SM approach. In addition, converge this problem using an EO approach and compare the 
convergence results with those from the SM approach. 

Connect Stream F3 to block B3. Determine if the simulations converge in all the SM and EO approaches. Try various nesting 
options and algorithms. 

Solution 

This problem is simulated in Aspen Plus V9.0. Table E16.5(a) shows the results for three SM approaches and one EO approach. 


When the design specifications are nested inside and all the design specifications are solved simultaneously, all the available 
algorithms fail. Table E16.5(a) shows the best times achieved using any combination of the available algorithms for the solution 
approach. Note that the EO approach takes about 0.15 s compared to 2.4 s for the best SM approach achieved by converging the 
tear streams and design specifications (Case 3), simultaneously. 

Table E16.5(a) Effect of Various Solution Approaches, Sequences, and Algorithms on the Convergence 


Soluti 
Case ee Sequence Algorithm Time Taken 
Approach 
Design block ted inside, all design block 
1 SM esıgn DOCS nested msde, ah design DOCKS All algorithms available Failed 
solved simultaneously 
> SM Design blocks nested outside, all design blocks Design block—Wegstein’s 685 
solved simultaneously method; tear stream— f 
Broyden’s method 
3 SM Design blocks and tear streams solved Bonera 125 
simultaneously 
0.15 s (+ 0.32 s fi 
4 EO LSSQP a iit 


pass of the SM) 
The results after Stream F3 is connected to block B3 are shown in Table E16.5(b). 
Table E16.5(b) Performance of Various Solution Approaches, Sequences, and Algorithms after Stream F3 Is Connected 
to Block B3 


Cas a aonn Sequence Algorithm erpi 
1 SM Deven blocks nested inside, all design blocks solved Aahas Failed 
simultaneously 
> SM Design blocks nested outside, all design blocks solved Design block—Wegstein’s method; tear pai led 
simultaneously stream— 
Broyden’s method 
3 SM Design blocks and tear streams solved simultaneously Broyden’s method 7.258 
4 EO All algorithms available Failed 


Even though convergence is achieved in Case 3, the solvent circulation flowrate (flowrate of S6) is 1.87 kmol/h compared to 14 
kmol/h, obtained in Part (a) of this problem. On further investigation of the reason for the failure of most of the approaches for 
Part (b) and the convergence to a different solution, it is observed that Aspen Plus has now automatically selected S2 as the tear 
stream instead of S6 for which an initial guess was provided. Since there is no initial guess for S2, Aspen Plus will start with a 
flow of zero. In the next iteration, the initial value of the makeup flow is added to it, and the flow will be positive, but small, and 
far away from the desired solution. This flow does not increase much, since the makeup flow is reduced at the next iteration 
based on the losses. In the case of the SM solution with simultaneous convergence of the design specifications and tear streams, 
this converges to a solution nearest to the initial guess of the makeup stream. The absorber column, B2, fails to solve with all 
other approaches. This problem can be solved by taking any of the following three approaches: 

Stream S6 is declared as the tear stream. 

An initial guess is provided for Stream S2 (similar to S6). 

A higher initial guess is provided for the makeup stream (similar to the flow of Stream S6). 

With any of these approaches, the EO solver (solver LSSQP was used) now converges in 0.2 s after an initial pass through the 
SM approach. These results compare very favorably to the best of 3.1 s achieved with the SM approach when the design blocks 
and the tear streams are converged simultaneously. 

Note on the solution to Example 16.5: Actually, this problem is structurally singular and has multiple solutions, since the 
recycle flow can have any arbitrary value, and a converged solution can be obtained with that arbitrary value as long as the most 
critical equipment, B2 (the absorber), can be converged. In other words, as long as a bound for the solvent-to-gas ratio is 
satisfied, a converged solution can be obtained. To avoid converging to an arbitrary solution (making the problem nonsingular), 
various approaches can be used. A design block can be implemented to manipulate the circulation flowrate (instead of the 
temperature of the solvent from block B6) to satisfy a desired CO concentration in P1. A splitter block can be considered in the 
path of the solvent (preferably at the bottom of block B3) that has a specification for fixed solvent flow. This fixed flow can be 
used as a manipulated variable in the design block for satisfying the CO, specification. The other stream from the splitter block 
is a purge stream. This provides another degree of freedom. See Figure E16.6 and Example 16.6 for this configuration. 
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Figure E16.6 Modified Flowsheet of the AGR Unit with a Purge Stream and a Splitter Block 

16.4 STUDIES WITH THE STEADY-STATE SIMULATION 

Once a steady-state model has been developed, it can be used for a number of studies. One of the most useful of these is a 


sensitivity study, which gives the user insight into the process. The other common type of study is optimization. 

16.4.1 Sensitivity Studies 

In a sensitivity study, the key input variables and process specifications are varied to generate results for the key outputs. These 
studies were traditionally done manually. However, in current process simulators, a sensitivity study can be done automatically 
and involves identifying multiple input specifications that can be changed simultaneously. Subsequently, a loop is generated 
automatically that spans all the input variables of interest. Sensitivity analysis is very useful for process operability studies and 
simple process optimization, which can provide a bound for the decision variables or give insight into the possible existence of 
an optimum. As the process flowsheet must be converged for each combination of the manipulated inputs, it can be 
computationally expensive to evaluate many such combinations for processes with multiple recycles and/or design blocks and/or 


loop-creating calculator blocks. The EO approach is often a very good solution methodology for such problems. 
16.4.2 Optimization Studies 
A detailed discussion of various uses of optimization studies has been provided in Chapter 14. The reader should be comfortable 


with the material in that chapter before proceeding with the material presented here. 

Optimization studies done for a complete process flowsheet are almost always nonlinear, constrained optimization problems [9]. 
The constraints naturally arise as the unit operations must be converged (i.e., process model equations become equality 
constraints), and the bounds for the process variables must be satisfied (i.e., inequality constraints). Moreover, the process 
model equations are often nonlinear. In addition, the objective function can also be nonlinear. Finally, there can be additional 
constraints to ensure that the physics of the process system is not violated. 

In process simulators, usually a single-objective, nonlinear-programming (NLP) problem is solved. A general formulation of 
this problem is 


min y(x) (16.17) 


ze R” 


subject to h(x) = 


In the above equations, x denotes the variables that appear in the process models, design blocks, calculator blocks, and any other 
blocks and equations that have been used in the flowsheet and includes the decision variables. The workhorse for flowsheet 
optimization is the Successive Quadratic Programming (SQP) method. First, it should be noted that the inequality constraints in 
the NLP problem in Equation (16.17) can be converted to equality constraints by adding nonzero slack variables, s, converting 
the NLP problem to the following bound-constrained problem: 


min (2) (16.18) 
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subject to f(x 
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where f(a) = ee 


g(x) 


In the notation for the above formulation, x also includes the slack variables s. 


| and g(a) = v(x) +s 


Overall, the problem can be cast as a quadratic programming (QP) subproblem as follows: 
minVy(«")'d + sa VL (ak, r*)d (16.19) 


subject to Vf(a*)'d + f(z*) =0 


where Lex, a) is the Lagrangian function and À is the Lagrangian multiplier vector, and d is the search direction. The main 
advantage of this approach is that the quadratic subproblem is easier to solve, and very efficient algorithms exist for solving 
such problems, including Newton’s and the quasi-Newton algorithms that were discussed previously. 

In flowsheet optimization, the degrees of freedom are exploited to find the optima of some objective or cost function. As an 
example, the objective function can be the minimization of auxiliary power consumption, minimization of operating cost, 
maximization of power production, maximization of product yield, minimization of chemical consumption, maximization of 
profit, and so on. These objective functions can include some or all of the design specifications being considered earlier. There 
can be additional design specifications and calculator blocks that satisfy other criteria. 

Optimization methodology when the SM approach is used for flowsheet convergence is somewhat different than when the EO 
aopproach is being used. In the SM simulation approach, a typical approach is to use the infeasible-path method where the 
recycle equations are considered as part of the optimization problem treating the tear variables as additional decision variables 
and the tear streams are converged simultaneously with the optimization problem by using SQP or another suitable optimization 
algorithm. Since solving the tear streams typically takes a considerable amount of time for SM simulations, this strategy is 
helpful. It should be noted that function (constraint and objective function) evaluations and gradient calculations with respect to 
the decision variables and tear variables are required for the optimizer to proceed and are done through flowsheet passes in a 
sequential manner. These flowsheet passes can be computationally-expensive and therefore various stretagies have been 
developed to reduce them while still satisfying the accuracy required for the function and gradient evaluations. A feasible 
varaint of this approach is also used where the flowsheet is converged in between optimizer iterations, which may help in 
correcting gradient calculations and help in a more effcicient search strategy. For the EO approach, there is no tear stream as the 
mass and energy integrations, if they exist, are already embedded in the system equations leading to an optimization problem of 
the form shown by Equation (16.17). Therefore, these can be readily handled by the standard SQP algorithm. But the problem 
size, especially the equality constraints posed by the block models, increases significantly in comparison to the SM strategy. 


Therefore, optimization algorithms that can handle large-scale problems are used. These algorithms exploit the sparsity of the 
system to result in efficient optimization strategies. The usual drawbacks of an EO approach such as initialization, problem 
formulation, troubleshooting, and so on, remain for the optimization problems as well. 

There are many approaches and algorithms for optimization and nuances of these approaches and algorithms will not be 
discussed here, but some salient points that may be useful for troubleshooting issues relating to convergence failures will be 
discussed below. 

For the SQP method to be successful, it is necessary that the resulting QP subproblem have a solution. Starting from an arbitrary 
initial guess, the iterative process finds a search direction and a step length with the hope that it will eventually converge to a 
solution. A line search or a trust region algorithm is used for this purpose. In a line search method, the next iteration is 
calculated as 


okt] — gk + o£ dë (16.20) 


where a © [0, 1] is the step size. It may so happen that a step can reduce the objective function, but results in an increase in the 
violation of equality and inequality constraints. Therefore, the step must be chosen by balancing these two aspects. For this 
objective, two widely used approaches are merit function approach and filter approach. A typical merit function comprises of 
the objective function plus a weighted sum of the constraint infeasibilities. On the other hand, the filter apparoach evaluates the 
reduction in the objective function and constraint infeasibilities separately similar to a multi-objective optimization problem to 
determine if the step is acceptable. In the line search method, if a step is not acceptable, a backtracking line search is conducted 
since the search direction is not changed in the line search method so only step length is adapted. Another method for searching 
the next iterate is the trust-region method where the search direction can also change. In essence, in the trust-region methods, the 
direction and step length are simultaneously chosen. If a step is not acceptable based on the reduction of the merit function or is 
not acceptable to a filter, the size of the trust-region is reduced and the search continues for an acceptable step. No matter what 
type of merit function or filter is used, the linear search method may need very small step length a or the trust-region radius may 
shrink to a small value to be acceptable. Under this situation, most commercial optimization algorithms will move to a 
feasibility restoration phase to avoid stalling and failing. Despite of various strategies, the optimizer may still fail. Since the 
calculations mentioned above (such as evaluation of the merit function or calculation of the step length or trust-region radius) 
are done internally by the optimization algorithm, the user may not have access to the details especially in the flowsheeting 
environment. In addition, it may be intractable to figure out the underlying issues if the optimization algorithm fails to converge. 
A few strategies can be considered for aiding to the optimization. First, it must be ensured that the base case or the starting point 
for the optimization itself is feasible. Therefore the results from the base-case evaluation must be checked to ensure that the 
results satisfy all design criteria and operating constraints. Then the key decision variables should be identified as discussed 
earlier in this chapter. To ensure feasibilities during initial optimization, the decision variables should be constrained in a narrow 
region around the base case. Eventually the search space can be slowly expanded. Such a gradual approach can help to 
troubleshoot convergence problems. Another aspect, often overlooked, is the accuracy of the models for thermodynamic and 
transport properties (if needed). Extrapolation of these models beyond the range they have been validated can lead to erroneous 
results, for cases when the algorithm converges, and should be avoided. 

It must be ensured that an optimum exists in the feasible region. This is possibly the most frequent reason for failure of an 
optimization problem. For simple problems, a good idea can be obtained by sensitivity studies as mentioned before. 

It needs to be ensured that the process flowsheet is being converged to the desired tolerances. High errors in the underlying 
flowsheet can lead to convergence failure. 

If a higher or lower bound is being hit by some decision variables, it needs to be determined whether the bounds can be relaxed. 
It must be determined if the underlying process flowsheet can be solved for the extreme values of the decision variables and 
some arbitrary combinations. Again, sensitivity studies can be helpful. 

It must be determined whether additional constraints are needed or whether the constraints can be relaxed or tightly bound based 
on a particular case. This again modifies the feasible region and can help in finding a solution. 

The constraints must be consistent so that a feasible solution exists without violating any of these constraints. 

In general when an optimum is found through flowsheet optimization, there is no guarantee that no other superior solutions 
exist. The local solution to the NLP problem in Equation (14.5) is also a global solution if the the underlying NLP problem is a 
convex program, where the objective function is convex, inequalities are convex, and equalities are linear. If the objective or 
any of the constraints is nonconvex, the optimization problem is nonconvex. Since the equalities posed by the process modeling 
equations (or the corresponding process modeling blocks) are almost always nonlinear for any problem of reasonable 
complexity, flowsheet optimization is a nonconvex problem. Therefore, solutions starting from multiple starting points must be 
obtained to check that there is no better solution in a feasible region. 

The SQP algorithms vary in their approach to handling bounds and inequality constraints, Hessian approximation, various merit 
functions, global convergence, and so on. For more details, interested readers are referred to a number of excellent books and 
reviews in this area [10-13]. 

Example 16.6 demonstrates the use of the SM and EO approaches for optimization of a cost function in a process flowsheet. 
Example 16.6 

Consider the modified flowsheet in Figure E16.6 as suggested in the last paragraph of Example 16.5. In this problem, both the 
circulation rate (flowrate of S3) and the temperature at the exit of the cooler, B6, can be manipulated to satisfy a desired CO 
specification in P1. A decrease in the solvent temperature results in a reduced circulation rate and lower solvent loss. This 
increases the refrigeration cost at the cooler, B6, decreases the pumping cost in the pump, BS, and decreases the cost of the 
makeup solvent. Therefore, there is a trade-off between these factors. Now consider the formulation of the constraints. The 
solvent/gas ratio to the absorber should be maintained within a bound to avoid drying or flooding that would eventually lead to 


convergence failure of the absorber block. The solvent purity at the exit of the flash block, B3, should be maintained to ensure 
that it is feasible to maintain the specification of P1. In addition, there will be a constraint for the temperature at the exit of the 
cooler, B6, based on the refrigerant used. The other design block manipulates the F2 flowrate for a desired solvent purity. An 
optimization problem can be formulated where the objective is to minimize the operating cost by considering the pumping cost, 
the cost of refrigeration, and the cost of makeup solvent. The decision variables are the solvent circulation rate, the temperature 
at the exit of B6, and the makeup solvent. As there is a desired specification for P1, an equality constraint should also be 
imposed. Note that algorithmically, this can be declared as an inequality constraint since a higher purity will result in a higher 
operating cost. So at the optimum, this inequality constraint will be active. But this can make the solution of the problem easier 
for intermediate steps where this is inactive. In this formulation, the design specification for maintaining the solvent purity, by 
manipulating the flowrate of N, used for stripping, is left at the flowsheet level. The cost of N3 can be included in the cost 
function, and then the N> flowrate can be considered as a decision variable. In this case, a bound in the solvent purity must be 
considered to avoid infeasibility in the problem specification, as mentioned previously. There are additional implications for the 
hardware cost, since the solvent flow and temperature change. For simplicity, only the operating cost will be considered here. 
Based on the above discussion, formulate an optimization problem. The operating cost, Cop, should be minimized, where 


Cop ($/y) = Cost for electric power in pump B5 


+ Refrigeration cost in cooler B6 + Cost of makeup solvent 


Assume that the cost of electricity is $0.20/kWh (consistent with the AGR plant being located in the northeastern United States), 
the refrigeration cost is $0.224/kWh, and the solvent cost is $0.75/kg. The decision variables are the solvent circulation rate 
(flowrate of S3; note that this additional DOF is provided by introducing block B8), the temperature at the exit of cooler B6 
(temperature of S6), and the F3 (makeup) flowrate. Consider the following inequality constraints and bounds on variables: mole 
fraction of CO, in P1 < 0.02, —54°C < solvent temperature < 0°C, 4.5 kmol/h < S3 flowrate < 23 kmol/h, 0.045 kmol/h < F3 
flowrate < 13.6 kmol/h. The bounds on the S3 flowrate ensure that the solvent/gas ratio is within the feasible operating region of 
the absorber. The lower bound in the F3 flowrate ensures that there is some minimum purge from the system that is needed to 
avoid buildup degradation and undesired species in the system. A design block should be implemented that maintains the 
methanol mole fraction in Stream S3 at 0.98 by manipulating the flowrate of No. 

Solve this optimization problem using the SM approach. 

Converge this problem using the EO approach. 

Solution 

This problem is simulated in Aspen Plus V9.0. The SM problem failed to converge after more than 3 hours when all three 
decision variables were considered. For ease of convergence, the F3 flowrate was removed from the list of decision variables. 
The calculator block that was being used previously for calculating the F3 flowrate based on the solvent loss was again 
implemented here. With these changes, the simulation then converged using the SQP algorithm in about 20 minutes. Because of 
repeated failure, the maximum number of iterations for converging the tear stream was increased from the default value of 3 to 
10. Note that the large computational effort needed to converge the tear stream at each iteration increased the computational cost 
and converted this method from an infeasible-path approach to a feasible-path approach. The results are shown in Table E16.6. 
Table E16.6 Optimal Values of the Decision Variables from the SM and EO Methods 

Optimal Values of the Decision VariablesOptimization by SM MethodOptimization by EO Method 


Flowrate of S3 (kmol/h) 0.045 0.045 
Flowrate of F3 (kmol/h) 6.02 6.183 
Temperature of S6 (°C) —47.23 —44.81 


In the EO approach, the optimization took 10.8 s using the DMO solver in Aspen Plus V9.0. This solver is a variant of the SQP 
algorithm. For the EO approach, all the decision variables are considered. The results are shown in Table E16.6. Some minor 
differences can be observed in the results for the EO approach compared to the SM approach. The results in the SM and EO 
approaches can be made similar by tightening the tear stream tolerances and tolerances of individual blocks. But this is 
computationally expensive. The optimal temperature at the outlet of B6 is —44.8°C compared to the base-case value of 
—37.05°C. The optimal solvent flowrate is 6.2 kmol/h. Because of the comparably high cost of the makeup solvent, it always 
hits the lower limit. In practice, the solvent is refrigerated to reduce the solvent loss. Therefore, the results are intuitive. If the 
cost of refrigeration is increased, then the optimizer will increase the solvent temperature and the recycle flowrate. This problem 
demonstrates that the EO approach can really save time for large and complicated simulations. However, they are difficult to 
formulate and troubleshoot, as mentioned before. 

Example 16.7 demonstrates a more complicated system with not only mass but also heat integration and a larger number of 
decision variables. It also includes a reactor. 


Example 16.7 
Consider the flowsheet in Figure E16.7. 
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Figure E16.7 Flowsheet of the Methanol Production Unit from Syngas 
Stream F1 has the following properties: 
Composition (mol%): 


CO2 1.00 
CO 32.2 
N2 0.11 
H2 66.6 
CH4 0.019 


Temperature (°C) 25.0 

Pressure (atma) 45.0 

Total Flow (kmol/h)16077.5 

In this process, syngas, produced from shale gas, is fed to a methanol synthesis reactor operating isothermally at 60 bar and 
250°C. The syngas production from shale gas is not shown here and can be found in Mevawala et al. [14]. Reactor effluent is 
used to heat the feed to the reactor in two heat exchangers in series. The feed then goes to a fired heater to heat the feed stream 
to 250°C. After heat recovery, the outlet stream from the reactor is further cooled to 60°C using cooling water and then fed to a 
flash separator for separating unconverted syngas from methanol. Approximately 85% of the vapor stream from the flash 
separator is recycled while the remaining vapor stream is purged to avoid buildup of inert gas and impurities. Since there are 
some light gases still present, the liquid stream (S13) is sent to a distillation column (B6) operating at 12 bar to produce 
methanol with 99.5 mol% purity. Assume that the following reactions take place in the methanol synthesis reactor where a 
commercial Cu/ZnO/A1,03 catalyst is used: 


CO, + 3H, = CHOH + H20 
CO, + Hp = CO + H20 


The rate equations are obtained from Van-Dal and Boullaou [15]: 
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where the pressure is given in bar. 

The methanol synthesis reactor is 14 m in length and consists of 2750 tubes each of diameter 60 mm. The following 
assumptions are made: 

catalyst particle density is 1775 kg/m3 and bed voidage is 0.5. 

both compressors have an isentropic efficiency of 80%. 

the distillation column is trayed, has 8 theoretical stages with the feed being sent to stage 4. For sizing purposes, assume sieve 
trays are used. A partial condenser and a kettle-type reboiler is used. 

pressure drop in the flash separator is 1 bar. 

the minimum temperature approach in all heat exchangers is 10°C. 

the fired heater is 80% efficient. 

Consider the following decision variables-syngas feed flowrate (F1), reactor (B6) temperature, feed compressor (B1) outlet 
pressure, distillation column (B9) reflux ratio, and bottoms to feed ratio. 

The following bounds on the decision variables are considered: 

52 atma < feed compressor outlet pressure < 60 atma 

15206 kmol/h < syngas feed flowrate < 16900 kmol/h 

In addition, the following constraints are considered: 

4535 kmol/h < Methanol Product (P1) flowrate < 4600 kmol/h 

Methanol product (P1) concentration > 99.5 mol% 

Tower condenser temperature > 35°C 

Bottoms to feed ratio < 0.99 

The first two constraints help to achieve the desired production capacity and product specifications, respectively. The third 
constraint helps to ensure that cooling water is used in the condenser. The last constraint helps to aid in convergence during 
optimization. The operating cost of this process can be calculated as: 


OPEX Ea = (CW) (0.3548) + (Ele) (0.2355) + (RD) (14.058) + (FH) (3.33; 


+(Syngas _ flow) (0.07915) 


In this equation, OPEX are the annual operating expenses, CW is the cooling water duty in GJ, Ele is the electricity requirement 
in the process in kWh, RD is the reboiler duty in GJ, FH is the fired heater duty in GJ and Syngas_flow is the feed (F1) syngas 
flowrate in m3, where everything is calculated on yearly basis. The fuel for the fired heater is natural gas. The price of syngas is 
taken from Pei et al. [16]. 

For capital cost estimation, the equations and values of the parameters from Appendix A are used. The cost of the methanol 
synthesis reactor can be calculated using the correlation available in Jones and Zhu [17]. A plant life of 10 years, 10% internal 
rate of return, and a construction period of 1 year are assumed. 

Optimize this process by considering the operating cost as the objective function. 

Optimize this process by considering before-tax NPV as the objective function. 

Solution 

This problem is simulated in Aspen Plus V9.0. Redlich-Kwong-Soave equation of state (EOS) with modified Huron-Vidal 
mixing rule (RKSMHV2) and Perturbed-Chain Statistical Associating Fluid Theory (PC-SAFT) EOS are used as the property 
methods for the reactor and the separation section, respectively. The process flowsheet is first developed and converged in the 


sequential modular mode. Two design specifications are implemented for B2 and B4 to satisfy the minimum temperature 
approach of 10°C. Since B3 and B4 are two exchangers in series, only a temperature change is specified for B3. Since the feed 
compressor outlet pressure is one of the decision variables and the recycle compressor discharge pressure must be the similar to 
that, a design specification is implemented to manipulate the recycle compressor discharge pressure to match with the feed 
compressor discharge pressure. For the distillation column, reflux ratio and bottoms to feed ratio are used as the input 
specification. The column sizing option is activated under column internals for the methanol purification column to obtain the 
diameter. This flowsheet has considerable heat and mass integration along with a number of design specifications and decision 
variables. Therefore the optimization problems are difficult to solve in the SM mode. Even if it could be solved, a considerable 
amount of time (several hours) could be spent for convergence depending on how far the initial values of the decision variables 
are with respect to their respective optimal variables. Therefore, finally all optimizations are solved by EO mode only. 

The rate equations used in the methanol synthesis reactor are not consistent with the Aspen V9.0 EO mode. To overcome this 
issue the methanol synthesis reactor is solved under a closed perturbation layer. Since the Aspen heater model used for the fired 
heater before the reactor returns the net heat requirement, it must be divided by 0.8 to obtain the gross heat requirement. The 
corresponding term in the objective function is modified accordingly. The DMO optimizer is used for the optimization. The 
maximum number of iterations for the optimizer are increased to 100, while all other default settings of the optimizer are 
unchanged. There are three types of optimization objective function available under the EO configuration tab: linear, sum of 
squares, or custom. If the objective function has non-quadratic nonlinear terms such as logarithmic, exponential, etc., as is the 
case for calculating capital costs for the NPV calculations, the custom objective function should be used. In this part of the 
problem, the linear objective function option is selected while in part b of the problem, the custom objective fuunction is 
selected. 

The simulation results are shown below in Table E16.7a-c. 

Table E16.7a Optimal Values of the Decision Variables and the Objective Function 


Decision Variables Initial ValueFinal Value 
Reactor Temperature (°C) 250.0 230.3 
Tower Molar Reflux Ratio 0.400 0.066 
Tower Molar Bottoms to Feed Ratio 0.975 0.976 

Feed Compressor Outlet Pressure (atm)55.00 57.50 
Syngas Feed flowrate (kmol/h) 16,077 15,206 


Objective Function ($1000/year) 152,235 144,709 
Table E16.7b Initial and Final Stream Summary of the Product Streams P1 and P2 


Mole % iy ee 

Initial FinalInitial Final 
CH30H 15.70 2.32 99.60 99.50 
CO, 34.80 44.00 0.12 
CO 21.70 21.80 
N> 0.46 0.74 
Hə 27.10 30.80 
CH4 0.21 0.33 
H20 0.45 0.38 


Temperature (°C) 78.31 34.00142.68 140.81 
Mole Flow (kmol/h)116.02109.24525.004535.00 
Table E16.7c Initial and Final Sizes of the Heat Exchangers 


Equipment Initial SizeFinal Size 
Heat Exchanger B2 (m2)595 680 

Heat Exchanger B3 (m2)153 112 

Heat Exchanger B4 (m2)3299 2013 

Heat Exchanger B7 (m2)840 721 


As seen in Table E16.7a, the operating cost of the process has been reduced by $7,527 k/year, which is about a 5% reduction in 
operating cost. The values of all the decision variables are within the bounds, except for the syngas feed which is at the bound. 
The lower bound on the syngas feed flowrate cannot be further relaxed because of the bound on the product throughput. Loss of 
products in P1 decreased from (116.02)(0.157)=18.22 kmol/h to (109.3)(0.0232)=2.54 kmol/h because of optimization. The 
time taken by Aspen Plus for this objective function is 16.46 sec and it takes 26 iterations to converge starting from the given 
base case conditions. 

The objective function for this case is shown below. 


OBJ = FC Iru + (OPEX) (2, i,n) (2,4, rustar) 


FC Irm = 5 CTM; = 1.18). CBmi = 1.18 > Cpi FBM; = 1.18 DD Cpi (Bii + Boi Fm; Fpi) 
i=1 


n 
i=l i=l i=1 


Except for the methanol synthesis reactor, C' pi calculated by using the following equation: 
2 
log100p; = Kis + Kiilogio Ai + K3, [logy Ai] 


All the parameters for respective units are taken from Appendix A. The cost of the methanol synthesis reactor is calculated 
using the correlation available in Jones and Zhu [17], as shown below: 


0.65 
Crm = 1.18C Bo (=) 


Here, Cgo is the installed base cost for the reactor; Sis the feed flowrate to the reactor; Sọ is the base flowrate to the reactor. As 
noted earlier, a custom objective function is used here. If the global unit of the flowsheet in Aspen Plus is METCBAR then by 
default the units of all the scaling parameters in the equipment cost equation will be in SI units, i.e., Watt, kmol/s, kg/s, etc. 
When writing the custom objective function in Aspen objective function window it should be made sure that the OPEX is 
written with units under curly brackets. Because the option for NPV is not available in Aspen Plus, yearly cost ($/h) option is 


: : be a P. P > j 
selected. Since the operating costs are multiplied by (4, 2, n) (5 1, Tetartup) , that term is converted to a $ value even 


though Aspen interprets that as $/h. However, the FCIry term will be interpreted on an hourly basis by Aspen and therefore that 
term should be divided by the operating hours per year (e.g., 8760 h) so that it is converted to the desired value when Aspen 
internally multiplies by the operating hours per year. 

The simulation results are shown below in Table E16.7d-f. 

Table E16.7d Optimal Values of the Decision Variables and the Objective Function 


Decision Variables Initial ValueFinal Value 

Reactor Temperature (°C) 250.0 230.29 

Tower Molar Reflux Ratio 0.400 0.066 

Tower Molar Bottoms to Feed Ratio 0.975 0.976 

Feed Compressor Outlet Pressure (atma)55.00 57.42 

Syngas Feed flowrate (kmol/h) 16,077 15,209 

Objective Function ($1000) 872,942 827,583 

Table E16.7e Initial and Final Stream Summary of the Product Streams P1 and P2 
P1 P2 

eres Initial Final Initial Final 

CH30H 15.7 2.32 99.6 99.5 

CO2 34.8 44.0 0.120 

CO 21.7 21.8 

N2 0.459 0.740 

H2 27.1 30.8 

CH4 0.211 0.330 

H20 0.449 0.380 


Temperature (°C) 78.31 34.00 142.68140.82 
Mole Flow (kmol/h)116.02109.204525 4536 
Table E16.8f Initial and Final Sizes of the Heat Exchangers 


Equipment Initial Final Initial Final 
Heat Exchanger B2 (m2)595 680 

Heat Exchanger B3 (m2)153 112 

Heat Exchanger B4 (m2)3299 2018 

Heat Exchanger B7 (m2)840 722 


The overall difference in the NPV before-tax due to optimization is $45,358 k, which is about 5.2% improvement in comparison 
to the base case. It takes 25 iterations to converge and the optimization time is 15.67 sec. It can be observed that there is only 


minor differences between the values of the decision variables between two cases. 
16.5 ESTIMATION OF PHYSICAL PROPERTY PARAMETERS 


In this section, some elements of vectors and matrices are not denoted by boldface letters, which is consistent with the literature 
in this area and other chapters in this book. A detailed discussion of choosing thermodynamic models was provided in Chapter 
13. If the required parameters of the chosen thermodynamic and/or transport property models are not available in the simulator 
databank or if the user is not satisfied with the performance of the available parameters, they need to be estimated. 

While estimating the physical property parameters, the variables are divided into two categories, dependent and independent 
variables. It is usually assumed that the values of the independent variables are true values. For example, the model of the 
specific heat of a pure species can be written as 


C, =a + bT + cT? + dT? (16.21) 


T is considered to be the independent variable and C, is the dependent variable. The estimation method depends upon the 
desired statistical accuracy of the fit, experimental information, the particular model, and any constraints that need to be 
considered. If a dependent variable can be explicitly expressed in terms of the independent variables for a linear-in-parameter 
(LIP) model and no constraints need to be considered, the least-squares estimate of the parameter vector (0) can be obtained as 


6 = (X'X) X'y (16.22) 


where y is the vector of the experimental data of the dependent variable and X is the matrix of the independent variables. In 
many parameter estimation problems, the dependent variables cannot be explicitly expressed in terms of the independent 
variables. Besides, there may be additional constraints that must be satisfied. In these cases, an optimization problem is solved. 
For brevity, the estimation of binary interaction parameters of a thermodynamic model for VLE calculation will be considered 
here. This is one of the important and complex problems in parameter estimation. 

The first question to be addressed is what the objective function that must be minimized (or maximized) to find the optimal 
values of the parameters should be. Usually, two criteria are used. In the least-squares criterion, a quadratic error between the 
experimental data and the model results is minimized over the entire experimental data range, where the decision variables are 
the binary interaction parameters. Some typical objective functions are 


N C 
min 5 X ( (KiS Ei -yp (16.23) 


N C yest — yer 2 
š i, i, 
min > X e) (16.24) 


Pest _ PE? 
(16.25) 


min $ (SS pe? 


Various combinations of these objective functions are also considered. Here N is the number of data points, C represents the 
number of species, and P is the bubble point pressure. Other nomenclatures have their usual meaning. 

In the second criterion, known as the maximum likelihood criterion, statistical variances in the experimental data are included. 
Considering the variances in the experimental data of both dependent and independent variables, the objective function is 


N pest _ pexp 2 pest _ exp 2 0-1 zt — rP 2 c- yet — yo? 2 
i tJ J 


nin) (2E) + (FS) + y (B=) +¥ 
i=1 


OPi OTi j= J Or ij j=1 Oy ij 
(16.26) 


Using this criterion requires the statistical variances, o, to be known. In addition, the measurements should be subject only to 
random errors, and the model should be able to represent the measurements within an order of magnitude (approximately) less 
than the order of the experimental uncertainties. 

The constraints depend upon the thermodynamic model used for the VLE calculations. If an EOS is used for both phases, then 
the constraint for the VLE is 


u,b, P — zP =0 (16.27) 


N Al 
where $; and $; are the fugacity coefficient of species 7 in the vapor and liquid phases, respectively. The fugacity coefficients 
are calculated from the chosen EOS: 


$ i=" (T,P,y) (16.28) 


Fie (T, P, x) (16.29) 


Note that these constraints are considered for each C — 1 species for all N data points. 
In addition, the summation equations are treated as constraints for all N data points: 


Se! (16.30) 
Soy =1 (16.31) 
If an activity coefficient model is used for the liquid phase, the constraints are 
Yi GiP = BVP; (16.32) 
oi [AEP av 
where Q; = L exp | . Here Q; , Yi, Q7 , Př , and ul are the fugacity coefficient of species i in the vapor phase, 


the activity coefficient of species 7 in the liquid phase, the fugacity coefficient of saturated vapor, the saturation pressure, and the 


~v 


š r , is calculated 


from the chosen EOS, y; is calculated from the activity coefficient model, and P‘ is calculated using some appropriate equation 


such as the Antoine equation as shown in Equations (16.33) through (16.35), respectively: 


molar volume of the saturated liquid for the pure species i, respectively. The ratio of the fugacity coefficients 


a = $"(T, P, P*,y) (16.33) 
4 = (7,2) (16.34) 
P* = P* (T) (16.35) 


In addition, the summation equations are also considered. Additional equations can be considered as part of this optimization 
problem. For example, the molar volume u! can be treated as a constant for a species i. If it is calculated from some model, for 
example, the Rackett [18] equation, then additional parameters such as critical volume and critical compressibility factor are 
needed. Now, the critical compressibility factor can be a constant or an acentric factor. These additional calculations are 
automatically done by the simulator. So it must be remembered that the accuracy of a VLE model is also a strong function of the 
additional parameters. These additional parameters may need to be regressed/calculated/estimated first, especially when these 
parameters are missing in a process simulator. 

Similar approaches can be used for estimating other parameters in the thermodynamic and transport models. One point of 
caution is that the experimental data used for such purposes must represent the operating region of interest and should be taken 
from a number of data sources, if possible, so that extrapolation outside of the known experimental regions is not required and 
so that experimental errors are averaged over multiple data sets. 

Example 16.8 demonstrates the use of data regression systems in a process simulator for estimating the binary interaction 
parameters of a thermodynamic model for a VLE calculation. 

Example 16.8 

Using VLE data for a methanol-CO, system from the existing literature, estimate the binary interaction parameters considering 
an EOS model and an activity-coefficient model. Compare their performances. 

Solution 

The VLE data are obtained from Weber et al. [19]. This paper reports the 7-P-x VLE data for the system at various 
temperatures. In this example, data are considered at four temperatures, —40°C, —20°C, 0°C, and 25°C. The estimation is carried 
out in Aspen Plus V9.0 using its data regression system. A minimum-likelihood objective function is considered with all the 
default settings. The standard deviations in the pressure and mole fraction data are considered to be 0.1%. For the example of an 
EOS model, the Peng-Robinson (PR) model (PENG-ROB in Aspen Plus V9.0) is used. The binary parameters Aj; (PRKBV in 
Aspen Plus V9.0) are estimated. For the example of an activity-coefficient-based model, the nonrandom two-liquid (NRTL) 
model with Redlich-Kwong EOS (NRTL-RK in Aspen Plus V9.0) is used. It can be seen in Figures E16.8(a) and E16.8(b) that 
both models represent the data reasonably well over the entire data range, although the prediction of the NRTL model is a little 
better than that of the PR model. The root-mean-square errors of the residuals of the PR and NRTL models are 135.26 and 
122.82, respectively. In this example, the results from the EOS model and the activity-coefficient model are similar, but the 
performance of the EOS model is expected to be inferior as the solution deviates further from ideality. 
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Figure P16.8(a) VLE Comparison between the Experimental Data [19] and the PR Model Using Estimated Binary Parameters 
for a CO2-Methanol System 
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Figure P16.8(b) VLE Comparison between the Experimental Data [19] and the NRTL Model Using Estimated Binary 
Parameters for a CO2-Methanol System 
16.6 SUMMARY 
With the increase of computational power and availability of advanced features in the current simulators, the power of steady- 
state simulators can be leveraged further. With this motivation, this chapter has focused on four advanced topics: user-added 
models (UAM); a solution strategy for steady-state simulation using the SM, EO, and SMod approaches; studies with steady- 
state simulation; and estimation of physical property parameters. A detailed discussion of the various solution strategies was 
provided as a theoretical background for troubleshooting convergence failure of large, complex simulations. Even though the 
steady-state simulation can be used for a number of studies, the focus was on optimization studies. The advantage of EO 
methods for optimization of complex and highly interacting process systems was demonstrated through two examples. In this 
chapter, discussions of the theoretical background of some of the topics, even though not exhaustive, were provided to enhance 


the reader’s understanding of what happens in the background when using a process simulator. This understanding can help in 
better utilization and efficient troubleshooting of steady-state process simulations. 

WHAT YOU SHOULD HAVE LEARNED 

User-added models should follow simulator guidelines so that they can be integrated with other unit operation models. 

Proper selection of a solution method among sequential modular (SM), equation-oriented (EO), and simultaneous modular 
(SMod) coupled with the appropriate algorithm(s) may be required to solve large, complicated, and highly integrated process 
simulations. 

For troubleshooting convergence failure of optimization problems, it is necessary to ensure that an optimum exists in the 
feasible region. 

To ensure the accuracy of simulation results, thermodynamic models should be compared to actual data and, if necessary, 
parameters should be estimated by using the data regression tool available in a process simulator. 
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SHORT ANSWER QUESTIONS 

1. How are partitioning and precedence ordering carried out by a process simulator? 

2. Consider a flowsheet containing a number of process loops for which a single tear stream is sufficient to ensure that each loop 
is opened at least once. Assume that you have a choice of two tear streams. One stream has ten nonzero species, but a precise 
guess of its temperature, pressure, and flowrates of two of the species is available. The other stream has five nonzero species, 
but it is difficult to provide a good initial guess for this stream. Which stream will you choose as the tear stream? Why? 

3. In a flowsheet, a material stream consisting of six species is used as the tear stream. If Newton’s method is used for 
converging this stream, how many more flowsheet passes are required at each iteration in comparison to Broyden’s method? 

4. A process flowsheet contains some sections that have a number of recycle streams with strong interactions while the other 
sections have very few recycle streams. What is the appropriate solution method for this system? 

5. What is an objective function? Give two examples of one. 

6. In an EO-based optimization strategy, what do the equality constraints mainly represent? 

7. List at least one strategy to check if there is any superior solution than the local solution. 

8. In a line search approach, what might one do to solve the issue if the algorithm fails because of very small step size? 

9. If a flowsheet has large number of recycle streams, what optimization method, SM or EO-based methods, would you suggest? 
Justify your answer. 

10. In a reactor, unreacted reactants are recycled. Also, there is no undesired reaction in this reactor. Would flowrate of fresh 
reactants be a suitable decision variable for this problem? Justify your answer. 

11. In an optimization study with a flowsheet, how is the feasible region defined? Why is it important? 

12. It is desired to solve a multi-objective optimization problem in a simulator that only supports single-objective optimization. 
Suggest an approach how the optimization problem can be formulated in the given simulator. 

13. If you are estimating the binary interaction parameters of an SVE problem, what constraints are considered? 

14. While estimating the parameters of a physical property model, it has been reported that the measurements of independent 


variables have negligible uncertainty. How should the maximum likleihood criterion be formulated? 
PROBLEMS 
15. The stripper off-gas in Problem 13.29 is typically sent to a Claus unit for sulfur recovery. For maintaining the minimum 


flame temperature in the Claus furnace, it is necessary to maintain the H2S concentration in excess of about 25 mol%. 
Implement a design block that manipulates the bottoms/feed ratio in T-2002 to maintain the H2S concentration in the stripper 
off-gas at 40 mol%. Did you face any convergence problems? How did you solve them? (Hint: Make a considerable change in 
the bottoms/feed ratio in the absence of the design block. Did it converge? What should you have done to aid in the convergence 
for a large change in any of the operating variables?) 16. Modify the preceding problem to develop a flowsheet as shown in 
Figure P16.16. Replace the heat exchanger, E-2001, with a countercurrent heat exchanger between the feed to and product from 
the stripper. Assume that about 0.5% of the solvent circulation rate is purged from SP-2001. The purging (and other methods 
such as thermal reclaiming, mechanical filtration, washing of the solvent, etc.) helps to reduce the buildup of undesired 
contaminants in the system. Stream 11, makeup MDEA, and Stream 12, makeup water, are pure. The discharge pressure of P- 
2001 is 2.6 atm. The solvent is cooled to 38°C in E-2002 and sent to T-2001. You can manipulate the temperature specifications 
in E-2001, satisfying a minimum temperature approach of about 10°C. Implement two calculator blocks. One calculator block 
calculates the flowrate of Stream 11 based on the solvent loss. Another calculator block calculates the water makeup to maintain 
the water concentration in Stream 13 at 66.6 mol%. Note that this water concentration is much different compared to what was 
considered in Problem 13.29. Finally, this system will have one design block, two calculator blocks, and a recycle stream. 
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Figure P16.16 Schematic of the AGR Plant Using MDEA as the Solvent 

Did you face any convergence problems? (Hint: In Example 16.5, a similar problem has been solved, but here it is an electrolyte 
system, which is harder to solve. What are different techniques for solving convergence issues of electrolyte systems with 
recycle streams?) 

What are the compositions of Streams 3 and 6? What is the reboiler and condenser duty of T-2002? What is the flowrate of 
Stream 11? 

17. Consider the process described in Problem 16.16. 

Considering the various criteria discussed in the text for tear stream selection, which stream would you like to consider as the 
tear stream? 

What is the tear stream selected by the simulator that you used? 

Now simulate the system with the tear stream you selected and note the differences in computational expense (time to reach the 
solution). If your selection matches that of the process simulator, consider another feasible tear stream and carry out this 
analysis. 

18. Consider the process described in Problem 16.16. Implement a design block that manipulates the solvent circulation rate to 
achieve an H2S concentration of 5 ppmv in Stream 3. So now there are two design blocks, two calculator blocks, and one 
recycle stream. Solve this problem with various combinations of solution approaches (SM and EO), sequences (design blocks 
nested inside/outside of the convergence block that solve the tear streams and design blocks and tear streams solved 
simultaneously), and various algorithms. Compare the performance of all the combinations. 

19. Formulate an optimization problem considering the flowsheet in Problem 16.16. One design block and two calculator blocks 
are active. Minimize the operating cost of this AGR unit: 


Operating Cost ($) = Heating cost in the reboiler ofT-2002 
+Cooling cost in the condenser ofT-2002 
+Pumping cost in pumpP-2001 
+Cooling cost inE-2002 + Cost of makeupMDEA 


Assume the cost of electricity is $0.10/kWh, the cooling cost is $0.02/kWh, the heating cost is $0.05/kWh, and the solvent cost 
is $1.0/kg. The decision variables are the solvent circulation rate, reflux ratio (RR) in T-2002, and the temperature at the exit of 
E-2002. Consider the following constraints and bounds on variables: 

Mole fraction of H2S in Stream 3 < 5 ppmv 

30°C < Stream 2 temperature < 70°C 


In addition, consider bounds in the circulation flowrate to ensure that the solvent/gas ratio is within the feasible operating region 
of T-2001 and T-2002. Also, ensure that the purge from the system is 0.1%—3% of the solvent circulation rate. The minimum 
purge is to avoid buildup of the undesired species in the system. The high limit on the purge is imposed to avoid disposal costs 
that are not accounted for in the objective function. 

Solve this optimization problem with both the SM and EO approaches, and note the differences in the results, if any, and the 
computational expense. While using the EO approach, ensure that the design block and the calculator blocks are also considered 
as constraints. (Hint: You may find it useful to consider an additional constraint: mole fraction of H2S in Stream 7 < 1 ppmv. 
This constraint, especially in the SM approach, will help to eliminate many infeasible combinations due to a lower RR, in which 
the required specification of Stream 3 cannot be achieved. This constraint can be relaxed after achieving an initial solution.) 20. 
Ethylene and air react in a vapor-phase catalytic reaction to form ethylene oxide. 


CH4 + 0.502 —> C2 H40 
The system can be modeled by the PR EOS. The rate law is given by Wan [20]: 


— }n1/3 „2/3 kmol 
"C,H, = KDC, H, O2 kg cat s 


-19,30 £ itai 
k = 324exp “RK [= kg cat -] 


E = 19,300 


Develop a base-case simulation considering a feed stream with ethylene and O; flowrates of 4 kmol/s and 2 kmol/s, 
respectively. The streams are available at 25 bar and 230°C. Simulate the reactor as a PFR with a constant temperature of 
260°C. Consider using a total of 7500 carbon steel, catalyst-filled tubes, each with an inside diameter of 0.0254 m. Consider the 
bed voidage to be 0.45 and the density of the catalyst particles to be 1922 kg/m?. Consider an appropriate correlation for 
calculating the pressure drop through the reactor. What is the length of individual tubes for achieving 40% conversion of 
ethylene? 

Now consider that the heat of reaction is being used for generating steam at a constant temperature of 230°C. Modify the 
previous reactor model to a nonisothermal reactor, calculating the heat transfer coefficient ina UAM. The UAM can be 
developed in FORTRAN, C, or Excel or by using any other suitable interface supported by your simulator. The UAM will 
retrieve the stream conditions (such as flowrates of the reactants) and physical properties (such as viscosity, density, specific 
heat, thermal conductivity) of the feed calculated by the process simulator. Use the inlet condition data for calculating the heat 
transfer coefficient with the Gnielinski [21] correlation: 


___ (Re —1000) Pr(¢/8) 
~ 1412.7,/678(Pr?/3 —1) 
$ = [0.79 In(Re) — 1.64]? 


Automatically insert the calculated heat transfer coefficient in the specification of the reactor. The reactor temperature must be 
maintained below 270°C to avoid explosion [20]. Retrieve the maximum temperature of the reactor to the UAM and the amount 
of unreacted ethylene in the outlet stream. What is the maximum temperature? 

Now modify the reactor design (number of tubes, tube diameter, and length) so that you can achieve 40% conversion of 
ethylene without the maximum temperature exceeding 270°C. The maximum temperature is expected to occur somewhere along 
the length of the reactor, not necessarily at the outlet. The reactor design parameters should be automatically inserted by the 
UAM into the process simulator along with the recalculated heat transfer coefficient. What are the final values of your design 
parameters? 

Consider the previous UAM. Keep the reactor design parameters constant. From the UAM, vary the ethylene flowrate by +/ 
—30%, keeping the stoichiometric ratio of O, constant. How much conversion of ethylene did you achieve in the extreme 
conditions? Could you satisfy the temperature limit? If not, modify the reactor design so that you can satisfy the temperature 
limit in this operating range. Note that you will still need to ensure that 40% conversion of ethylene is achieved when the 
flowrates are at their base-case values. 

21. In a process for producing methanol, synthesis gas composed of CO, CO3, H>, and H20 is sent through a heat exchanger, E- 
2001, to a plug-flow reactor, R-2001, as shown in Figure P 16.21. In addition to the desired methanol synthesis, some undesired 
reactions also take place [22, 23]: 


Unreacted Gas 


Methanol Product 


Reactant Gas 


Figure P16.21 Flowsheet of a Methanol Production Unit 


CO + 2H, = CH; OH 
CO + H,O = CO, + He 
CH30H > CH0 + H> 


The corresponding rate laws for these reactions are [22, 23] 


kmol s -10555 Coi ök 
rom on |R] = 6.4278 x 108exp | ~rr (Cooch, _ ) 


kg cat s Keq,CH3 OH 
40 E] 
kmol jas —8 [ mol YCO, YHo 
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where C; is the concentration of the species i in kmol/m?. 

In R-2001, steam is being generated at a temperature of 350°C. Consider an overall heat transfer coefficient of 80 W/m*°C 
between the process stream and the boiling water. The reactor effluent is sent to E-2001 and then further cooled in E-2002 to 
40°C before being sent to the flash separator, V-2001. Unconverted reactants are recovered from the top of V-2001. Assume 
that the feed composition (mole fraction) and rate are 


H2 0.42 
H20 0.16 
CO 0.2 

CO, 0.22 


Flowrate = 1 kmol/h 

The minimum temperature approach in E-2001 is 15°C. Further assume that the pressure drops in both the shell and tube sides 
of E-2001 are 0.1 bar. The catalyst particle density is 1800 kg/m? and the bed voidage is 0.45. Assume the pressure drop in R- 
2001 is 0.2 bar. Maximize the yield of methanol in this process, where the decision variables are the inlet temperature, the 
pressure of Stream 1, and the dimensions of R-2001 (length and diameter). What bounds on the decision variables did you 
consider? Why? You can solve this problem with either the SM or EO approach. 

22. In the preceding problem, the composition of the feed was assumed to be constant. However, the CO/H) ratio in the feed can 
be manipulated as these streams are usually supplied from different sources. Solve the preceding optimization problem by 
considering the CO/H) ratio as another decision variable. Did you have to consider any additional constraints? Why? Compare 
the results with the results that you obtained in Problem 16.21. 

23. Consider Problem 16.22, but for the case when the unconverted reactants are recycled to the reactor, as shown in Figure 
P16.23. Consider the purge-stream flow to be 2% of the total flow of Stream 6, and assume that compressor C-1001 has an 


isentropic efficiency of 80%. Maximize the following objective function: 


Methanol Product 


Reactant Gas 


Figure P16.23 Flowsheet of the Methanol Production Unit by Considering the Recycle of the Unreacted Reactants 
Maz Cox, on Fou; on — CucPuc 


where Cor, on = $0.42 / kg methanol and Fx, oq is the hourly flowrate of methanol in Stream 7. Cyc = $0.15/kWh is 
the cost of electricity, and Pyc is the hourly power consumption in C-2001. 

The decision variables are inlet temperature and pressure of Stream 1, dimensions of R-2001, and CO/H; ratio in Stream 1. 
Solve this optimization problem with the SM and EO approaches and compare the optimal values of the decision variables with 
the values that you obtained in Problems 16.21 and 16.22. Did you have to consider any additional constraints for this 
optimization problem? Why? 

24. Consider Example 16.7. Make following modifications. For each modification, solve the optimization problems when the 
objective function is the operating cost (i.e. similar to Example 16.7a) and when the objective function is the before-tax NPV 
(i.e. similar to Example 16.7b). 

In Example 16.7, the methanol synthesis reactor has been assumed to be isothermal and its temperature is considered to be a 
decision variable. Since the overall methanol synthesis reaction is highly exothermic, large amount of heat must be removed. 
This can be done by generating steam. Considering medium pressure steam is being produced, assume the thermal fluid is at a 
constant temperature of 184°C. Keeping the same dimensions for the tubes as in Example 16.7, consider the number of tubes in 
the reactor as a decision variable as opposed to the reactor temperature in Example 16.7. Modify the operating cost calculation 
by including the revenue earned due to generation of the medium pressure steam. For calculating the capital cost of the reactor, 
consider the cost and volume calculated in Example 16.7 as the base cost and volume of the reactor and then calculate the 
updated cost using the updated volume using six-tenths rule. For calculating the volume of the reactor, assume the total volume 
of the reactor is a fixed multiple of the volume occupied by the tubes. 

Under optimal condition, about 2% product is being lost in the methanol purification column overhead. In Example 16.7, the 
condenser temperature is constrained to be higher than 35°C. One way to reduce the methanol loss further will be to reduce the 
condenser temperature by using a refrigerant. Consider possible use of a refrigerant and then consider the condenser temperature 
as an additional decision variable. Modify the equations for optimization objectives by including the cost of refrigeration. 

25. Experimental solubility data of HS in diglycolamine (DGA) have been provided by Martin et al. [24]. The DGA solution 
used in their experiment had 60 wt% DGA, and the remainder was water. Equilibrium data, reported at two temperatures, 50°C 
and 100°C, are shown in Table P16.25. 

Table P16.25 Equilibrium Data for Problem 16.25 


T=50°C T = 100°C 

Pu,s (kPa) as pis (kPa) oe 
25 0.221 4.9 0.057 

3.9 0.262 9.3 0.071 

5.4 0.291 13.4 0.095 

8.9 0.344 16.5 0.100 

11.5 0.381 17.5 0.116 


18.9 0.452 48.2 0.182 


28.3 0.508 55.1 0.210 
53.1 0.543 65.3 0.217 
46.2 0.577 126.0 0.316 
63.1 0.608 273.0 0.456 
72.9 0.654 396.0 0.522 
86.1 0.657 509.0 0.571 
121.0 0.699 620.0 0.639 
121.0 0.711 662.0 0.640 
217.0 0.778 987.0 0.712 
414.0 0.877 1460.0 0.806 
679.0 0.929 1660.0 0.849 
1140.0 1.001 1890.0 0.909 
1480.0 1.043 

1730.0 1.052 

1490.0 1.068 

1730.0 1.091 


Estimate the binary interaction parameters, considering an EOS model, a nonelectrolyte activity-coefficient model, and an 
electrolyte activity-coefficient model. Compare their performances. 

26. n-Methyl-2-pyrrolidone (NMP) is a physical solvent that is widely used for acid-gas removal. For improving the accuracy of 
the VLE calculation using an activity-coefficient model, it is desired that the parameters of the vapor-pressure model be 
estimated first. 

Assume that the Antoine equation will be used for calculating the vapor pressure. Using the vapor-pressure data [25, 26, 27] in 
Table P16.26(a), estimate the parameters of the Antoine equation. 

Table P16.26(a) Vapor-Pressure Data for Problem 16.26(a) 

T (°C)P *(kPa)T (°C) P *(kPa) 


25.00 0.046  170.0541.475 
40.00 0.133 177.7751.630 
63.73 0.517 —184.5462.166 
75.59 1.024  190.3472.425 
94.03 2.595 195.6082.826 
109.805.160 200.2693.043 
127.5910.329 202.0997.304 
147.5620.701 204.21102.432 


160.3131.022 


Table P16.26(b) Solubility Data for Problem 16.19(b) 


T = 25°C T=50°C T = 100°C 

pco, (kPa)¥CO: pco, (kPa)XCO2 poo, (kPa)*CO, 
184.8 0.0289204.1 0.0206251.3 0.0105 
395.7 0.0611419.0 0.0412522.8 0.0240 
641.5 0.0948639.3 0.0615883.0 0.0410 
859.5 0.1272862.4 0.08411183.3 0.0562 
1145.4 0.16751084.1 0.10711438.5 0.0700 
1407.8 0.2048 1421.0 0.1439 


Solubility data of CO, in NMP at 25°C, 50°C, and 100°C [28] are shown in Table P16.30(b). Estimate the binary interaction 
parameters, considering an EOS model and an activity-coefficient model using the Antoine parameters estimated before. 
Compare the results from these models with the results from the corresponding EOS and activity-coefficient models with default 
parameters from the simulator databank, if these parameters are available in the simulator you are using. 


Chapter 17: Using Dynamic 
Simulators in Process Design 


WHAT YOU WILL LEARN 


Dynamic simulation has a number of uses and is an important tool for 
both design and simulation purposes. 


Setting up a dynamic simulation may require significant changes to a 


steady-state simulation. 


Solver algorithms should be carefully chosen. 


Control system design plays a key role in obtaining a stable dynamic 
simulation. 


In Chapters 13 and 16, various aspects of steady-state 
simulation were discussed. In this chapter, various aspects of 
dynamic simulation, ranging from its development to its utility 
in process design, will be discussed. As the steady-state design 
of a process forms the basis for its dynamic simulation, it is 
desired that the reader be conversant with Chapters 13 and 16 
before proceeding with this chapter. In this chapter and 
elsewhere in the book, matrices/vectors are denoted by 
boldface, italicized letters, for example, A and x. To aid the 
discussion presented in this chapter, the following terms are 
defined: 


Input variables or simply inputs: These are the variables 
that can affect the process independently. These variables 
can change externally (to the process) and, as a result, affect 
the process. It should be noted that input variables are not 
necessarily related to the inlet streams. Input variables that 
can be manipulated are called manipulated variables (MVs). 
Input variables that cannot be manipulated are called 
disturbance variables (DVs). 


State variables: These are the minimum set of variables 
that can completely describe the internal condition of a 
system. Development of a process model is often necessary 
to identify the state variables. 


Output variables or simply outputs: These are the 
variables that depend upon the internal condition of a 
process. The output variables are the process response to the 
input variables. The latter can be considered as the cause for 
the changes in the process. 


A steady-state simulation reveals important information 
about the steady-state operating conditions of a process, but it 
does not provide any information about the trajectory that the 


process takes in moving from one steady state to another one. 
Consider, for example, that an exothermic reaction is taking 
place in a catalytic reactor. At steady state, the reactor outlet 
temperature is at To as shown in Figure 17.1. At time t, the feed 
concentration is changed such that the reactor outlet 
temperature reaches its new steady state Tp after some time. 
Note that there are an infinite number of trajectories that the 
temperature can take to reach its steady state. In Figure 17.1, a 
few trajectories are shown. In trajectory TR1, the temperature 
gradually reaches its new steady state. But in trajectory TR2, 
not only is the response oscillatory, but the overshoot in 
temperature may be unacceptable. It is possible that the 
overshoot temperature is beyond the softening temperature of 
the materials of construction of the reactor or above the 
sintering temperature of the catalyst. In trajectory TR3, there is 
a time delay that may be unwanted. In trajectory TR4, the 
temperature first goes in the reverse direction, changes 
direction, and then goes to the steady state. This is known as an 
inverse response. A single (or multiple) steady-state 
simulation(s) of this reactor gives no information about which 
trajectory the process will take to reach Ty, if it reaches there at 
all. Traditionally, this information about the trajectory of a 
process is used for studying the transient response of a process 
in response to various DVs and MVs and for designing an 
efficient control system. However, dynamic simulations can be 
more effectively used by integrating them into the design phase 
itself to satisfy an optimal process operation in the face of 
disturbances. It should be noted that, for most process systems, 
disturbances are unavoidable. 


Temperature 


\ basi Inverse Response 
v 


tı 
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Figure 17.1 Example of Various Trajectories from To to Tr 


17.1 WHY IS THERE A NEED FOR 
DYNAMIC SIMULATION? 


Dynamic simulations can be used to accomplish one or more of 
the following: 


e Dynamic simulations can be used to study the transient response of a 
process. The transient response can change due to different inputs to 
the system, both MVs and DVs, and uncertain and time-varying 
parameters. Dynamic simulations also provide information on system 
characteristics, such as time delay, inverse response, and oscillatory 
response, that not only are undesired but also pose significant 
operational challenges. 


e One of the very important applications of a dynamic simulation is in 
control system design. Two types of control problems are 
encountered: servo control and regulatory control. In servo control, 
the control objective is that the output(s) should follow a desired 
trajectory. In the regulatory control problem, the objective is to 
maintain the output(s) at a desired set point by rejecting the effect of 
the disturbances. In both cases, the MVs are the degrees of freedom of 
a process that are manipulated to satisfy the desired control objective. 
The control system design must ensure that the constraints on state, 
manipulated, and output variables are not violated. It is highly 
desired that the control system be designed to ensure that the plant 
operation is efficient, safe, satisfies environmental regulations, and 
results in extended equipment life and improved plant availability. 


e Not all the state variables and DVs can be measured or can be 
measured within desired accuracy. The dynamic simulation can be 
used for estimating these variables. This helps in improving process 
monitoring and improving the performance of the control system. 


e Dynamic simulation is also very useful in process performance 
monitoring and fault diagnosis and identification (FDI). The temporal 
evolution of the process variables can help in root-cause analysis 
(RCA) of a failure or an undesired event. 


e Dynamic modeling can be used to identify complex, multivariable 
interactions of dynamic systems. This information is useful for 
control system design, FDI, and RCA. 


e Dynamic modeling also helps to identify unstable systems that grow 
without bounds when an input variable is perturbed. Control and 
operational stratgeies can then be appropriately designed. 


e Dynamic modeling can be used to simulate plant start-up and 
shutdown and can be used to develop faster start-up/shutdown 
procedures without damaging the plant equipment and undesired 
transients. 


17.2 SETTING UP A DYNAMIC 
SIMULATION 


For a dynamic simulation, it is necessary to know the initial 
values of the state and input variables. One common approach 
to do this in the process simulator environment is to start with 
the steady-state simulation and use the steady-state solution as 
the initial condition of the dynamic simulation. However, other 
initial conditions may be appropriate depending on the 
intended study. For example, the initial conditions for studying 
cold start-up of a plant should be specified based on the start-up 
procedure of a specific plant/unit. In the following discussion, it 
is assumed that an existing steady-state simulation will be 
modified to generate a dynamic simulation. The necessary steps 
will be outlined and an example given to illustrate the 
procedure. 


17.2.1 Step 1: Topological Change in the Steady-State Simulation 


Topological changes from the steady-state simulation become 
necessary for the following reasons: 


Valid Pressure-Flow Network. The pressure drop in a 
unit operation with variable holdup volume, called pressure 
nodes, depends upon the flow into and out of the unit 
operation. Examples of pressure nodes are flash separators, 
towers, vessels, etc. In a steady-state simulation, the flow into a 
unit operation model is based on user input or depends upon 
the upstream unit, but not on the operating pressure of the unit 
operation block. In addition, in a steady-state simulation, the 
flow out of a unit operation block does not depend upon the 
pressure of the downstream equipment. However, in a dynamic 
simulation that tries to mimic the real world plant operation, 
the flow between equipment items is governed by the pressure 
difference between them. This is an important feature of a 
dynamic simulation; namely, the flow into and out of the 
pressure nodes depends upon upstream and downstream 
pressures. This requires the solution of coupled, pressure-flow 
equations. To make the system of equations well defined, the 
pressure nodes are connected through flow devices or flow 
nodes (devices/nodes that possess frictional resistance). These 
flow devices are described by equations that relate the flow 
through the device to the pressure drop/increase across it. 
Examples of such flow devices are valves, pumps, compressors, 
etc. One simple equation that is widely used for relating the 
volumetric flowrate, ù, to the pressure drop, AP, for the flow 
devices across which frictional pressure drop takes places is 


EN (17.1) 


where C, is the conductance, and p is the stream bulk density. 
As an example, consider the case of turbulent flow through a 
pipe. Equation (20.11) can be written 
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(17.2) 


Therefore, for turbulent flow in a pipe, the conductance is given 
by 


Co. = SF (17.3) 
For a dynamic simulation to model the pressure-flow 
relationship for all equipment properly, it requires two pressure 
nodes to be always connected through a flow device for 
developing a valid pressure-flow network. Therefore, a direct 
connection between two pressure nodes without a connecting 
flow device is not allowed. The issues that arise if the flow 
device(s) is(are) missing will be explained below through an 
example. 


Figure 17.2 shows a flash vessel. For simplicity, the system is 


considered to be isothermal. The species conservation equation 
can be written as 


V-1101 


TP Vapor Product 


Vi 


Liquid Product 
Lx; 


Figure 17.2 Schematic of a Flash Vessel 


dN; 
dt 


= Fz, — Vy; — La; (17.4) 


where N; is the molar holdup of species i; F, V, and L are the 
flowrates of the feed, vapor product, and liquid product, 
respectively; and z; y;, and x; are the mole fractions of species i 
in the feed, vapor product, and liquid product, respectively. 
Noting that holdup of the species occurs in both liquid and 
vapor phases, an expression for N; can be developed: 


N; = N” y; + Na; =V°C’y, + V'C'x; = A(H — h)C’y, + Ah C' z; 
(17.5) 


where N” and N are the total molar holdups in the vapor and 
liquid phases, respectively; V” and V are the volumes of the 
vapor and liquid phases, respectively; C” and C are the molar 
densities of the vapor and liquid phases, respectively; A and H 
are the cross-sectional area and height of the vessel, V-2001, 
respectively; and A is the height of the liquid at time t inside the 
vessel. Substituting Equation (17.5) in Equation (17.4) gives 


d[(H—h) Cy, +hC" x;] 


A dt 


= Foa = Vy = Lai=1...n 
(17.6) 


The phase-equilibrium equations are written as 


The summation equations can be written as 


Sou =1=0 (17.8) 
i=1 
>a; -1=0 (17.9) 
i=1 


A suitable thermodynamic model is required for calculating C”, 
Cc ,and K. 


Summing up the total number of equations listed in 


Equations (17.6) through (17.9) for n species gives a total of 2n 
+ 2 equations. However, the unknown variables are n vapor 
mole fractions, y;, n liquid mole fractions, x;, molar flowrates F, 
V, and L, vessel pressure P, and the height of the liquid in the 
vessel, h. Therefore, the total number of unknown variables is 
2n + 5. It should be noted that the variables F and h are not 
calculated in the steady-state simulation of the flash block 
because F is known, either specified by the user or obtained 
from the upstream block, and A is not required in the steady- 
state solution. Therefore, P can be calculated in a steady-state 
simulation by a user-specified correlation or other detailed 
momentum balance equation, or it can simply be a constant 
specified by the user. The dynamic description given previously 
is underdefined. To make this system square (i.e., the number 
of equations is equal to the number of unknowns), the flash 
block, which is a pressure node, must be connected via flow 
devices as shown in Figure 17.3. 
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Figure 17.3 The Modified Schematic of the Flash Vessel 
Connected with the Flow Devices 


In Figure 17.3, the flow devices are the valves, VLV-1101, 
VLV-1102, and VLV-1103. Assuming linear characteristics for 
the valves, the corresponding flow/pressure equations are 


P,- 
PF 


V = Co V S24 Z> (17.11) 
ELNET pote (17.12) 


where F, V, and L are the feed, vapor, and liquid volumetric 
flowrates entering/leaving V-1101; and Co, Co,2, and Co, are 
control-valve flow coefficients for VLV-1101, VLV-1102, and 
VLV-1103, respectively. It should be noted that in the above 
formulation there is no pressure drop assumed across V-1101; 
therefore, the pressures of Streams 1, 2, and 3 (P,, Ps, and P3) 
are related by P = P, = P, and P} = P + prgh. The mass density 
of Streams 1, 2, and 3 is given by pr, p; and py respectively, and 
VS,, VS2, and VS, are the valve-stem positions (expressed as a 
fraction) of VLV-1101, VLV-1102, and VLV-1103, respectively. 
To make the system of equations consistent, the pressures at the 
system boundaries, P,, P;, and P6, are considered constant. The 


F=C,1VS P (17.10) 


system of equations now becomes well defined. This example 
shows why the pressure nodes are to be connected to the flow 
devices to make the system well defined. If a pressure drop in 
the vessel is considered, then the pressure of Stream 1 is no 
longer equal to P, the vessel pressure and an additional 
equation would be required. Similarly, the pressure drop in the 
piping between the vessel and the valves can be considered but 
requires additional equations to make the system well defined. 
For a nonisothermal, flash block model, the temperatures of the 
streams entering and leaving the flash are additional variables, 
and the additional equation is the energy conservation 
equation. 


Unsupported Blocks. Certain types of blocks can be 
adequate for a steady-state simulation and are therefore 
supported by steady-state simulators, but these blocks may not 
be appropriate in a dynamic simulation. Such blocks do not 
usually represent any real unit operation or may be 
unsupported blocks in a simulator for which the dynamic model 
is not available in that specific simulation software. For 
example, a “component separator” block is supported in Aspen 
Plus, but not in Aspen Plus Dynamics. In a steady-state model, 
this block can be used to split a feed into two or more products 
based on user-specified composition(s). While such a 
composition can be obtained from the experimental or 
literature data at a given operating condition, it is expected to 
vary during the transients, and, therefore, such blocks cannot be 
appropriately represented in a dynamic model. In addition, 
there may be unsupported blocks, such as the blocks handling 
solids, for which the dynamic model is not yet available in a 
simulator software. The simulator manual should be consulted 
for this information. All unsupported blocks must be replaced 
by appropriate supported blocks. 


17.2.2 Step 2: Equipment Geometry and Size 


First-principles models are based on conservation equations. 
The conservation equations for a dynamic model are written as 


Rate of accumulation= Rate of inputs + Rate of addition/generation 


—Rate of outputs — Rate of consumption 
(17.13) 


Note that the term on the left-hand side of Equation (17.13) 
does not appear in a steady-state model. This term is expressed 
as 


d[(holdup volume) (appropriate terms)] 
dt 


(17.14) 


Rate of accumulation = 


The “appropriate terms” in Equation (17.14) depend upon 
the conserved variable. Equation (17.14) shows that the volume 
information plays a key role in calculating the rate of 
accumulation or mass or momentum or energy. The equipment 


should be sized appropriately, mainly based on the steady-state 
results. Most steady-state process simulators provide sizing 
routines for the trays and packings in distillation columns. 
Other equipment can be sized using appropriate software, 
heuristics, or following this and other books in this area [1-3]. 
Some useful information about equipment sizing from the 
perspective of dynamic simulation can be found elsewhere [4] 
and in Chapters 20 through 23. 


The vessel size, the equipment geometry, and the equipment 
orientation can have a significant impact on the transient 
response of certain types of equipment. For example, the 
orientation of a flash vessel can be horizontal or vertical, as 
shown in Figure 17.4(a)(b). For a given length L, radius r, and 
height of liquid h, the holdup volume of the vertical and 
horizontal vessels is given by (neglecting the volume of the 
heads) 


Vapor Product 


Liquid Product 


L Liquid Product 
(a) (b) 


Figure 17.4 Vessels with Different Orientations: (a) Vertical 
Orientation; (b) Horizontal Orientation 


Voertical = nr h (17.15) 
Vhorizontal =L [r cos"! (=) — (r = h) v2rh =r | 
(17.16) 


As shown by Equations (17.15) and (17.16), the holdup volumes 
for a given height of the liquid, and therefore the transient 
response, can be considerably different between both types of 
vessels, even if the inlet and outlet flowrates to both types of 
vessels are the same. If the holdup volumes are the same in two 
such vessels, the height can be significantly different, which 
affects the pressure at the upstream of the discharge liquid 
control valve at a given vessel pressure. 


In addition, the equipment geometry can have an effect on 
the transient response. For example, if the flash vessel is 
vertical, as in Figure 17.4(a), and the liquid level at any time is 
above the vessel tangent line (the hypothetical line that passes 
through the points of contact between the cylinder and the 
knuckle portion of the vessel head), the geometry of the vessel 
head has no effect on the rate of accumulation. However, for a 
horizontal vessel, the head geometry has an effect (albeit small 
in most cases) on the transient no matter where the level is 
being maintained. The geometry can have an effect on the heat 
loss from a vessel to the environment or on the heat transfer to 
or from a vessel if a heating/cooling jacket is considered. Two 
vessels having the same volume and the same wall thickness but 


different L/D ratios will have different surface areas, which 
affect their temperature transients. For tray distillation 
columns, the tray design, such as the diameter, spacing, weir 
height, downcomer dimension, and type of tray, can have a 
significant effect on the dynamics of holdup and residence time. 
Chapter 23 may be consulted for additional details on the 
design of flash vessels. 


17.2.3 Step 3: Additional Dynamic Data/Dynamic Specification 


The additional data/dynamic specifications required for 
transient simulation are equipment specific. In the following 
discussion, the key dynamic information for common 
equipment items will be presented. Before the discussion of 
equipment-specific dynamic data, a discussion that is applicable 
to most equipment items is presented. 

The effect of the ambient conditions, such as the 
temperature, pressure, and humidity, on the transient response 
depends on the type of equipment used and the model fidelity. 
For example, the heat loss to the environment depends upon 
the ambient temperature. The operation of an air compressor 
that uses atmospheric air is highly affected by the ambient 
pressure, temperature, and humidity. In addition, the metal 
mass of a piece of equipment plays a key role in its temperature 
transients. The metal mass includes the mass of the entire 
equipment item including the internals, if any. To clarify 
further, it can be noted that the accumulation term in the 
energy conservation equation is written as 


Rate of accumulation of energy = & (17.17) 


where U is the internal energy of the system. Equation (17.17) 
has been written neglecting the change in kinetic and potential 
energy. Since 


H = U + PV (17.18) 
where H is the enthalpy, Equation (17.17) can be written as 


dU _ dH dV dP 
at la Vr (17.19) 


The expression for H depends upon the equipment type, the 
number of phases within the equipment, whether their 
temperatures are considered to be equal, and other 
assumptions. Considering the example of the flash block shown 
in Figure 17.2, H can be calculated by 


H = N?’ M” R? + N'M'R + Megheg (17.20) 


In Equation (17.20), M° and M? are the average molecular 
weights of the vapor and liquid phases, respectively, and h° and 
h° are the specific enthalpy of the vapor and liquid phases, 
respectively. Calculation of h° and h? depends on the properties 
package used in the process simulator. Meg and heg are the 
metal mass and the specific enthalpy of the metal, respectively. 


With further simplification, it can be seen that 


A(Cp,eqT) 


dH d(N°M?’h’) — d(N' Mh!) 
ao ae Oh ae dt 


dt dt dt + Meg 


(17.21) 


where Cy ¢q is the equivalent heat capacity of the metal. 


Equation (17.21) shows why the metal mass plays a key role 
in the temperature transient. This term can be the dominant 
term during start-up and shutdown of a plant and, therefore, 
should be considered in the models intended for simulating 
plant start-up and shutdown. 


A representative design of the equipment and the materials 
of construction is needed to calculate the metal mass. This is 
usually done in Step 2 as part of the equipment design. 


Heat Exchangers. The dynamic models for heat 
exchangers in process simulators are usually lumped-parameter 
models. In a lumped-parameter model, the process variables 
are assumed to vary only with time; therefore, their spatial 
variation is neglected. However, in a heat exchanger, the 
temperature of the fluids, and, therefore, the thermodynamic 
and transport properties, vary with location. Therefore, a 
rigorous heat-exchanger model should be a distributed- 
parameter model, where the process variables are considered to 
vary with space and time. Such models quickly become 
intractable in dynamic simulations of large process systems and 
are rarely used. Various simplifications are also made in the 
lumped-parameter models for easier solution of the equations. 
These points will be discussed below. In the following 
discussion, whenever rigorous models are mentioned, it is 
assumed that these refer to rigorous, lumped-parameter models 
and not to distributed-parameter models. In process flowsheets, 
both utility heaters/coolers and process heat exchangers are 
used. 


Utility Heaters/Coolers. For heaters/coolers, where a 
utility is used for heating/cooling a process stream, a 
temperature or heat duty is provided in the steady-state model. 
A simple lumped-parameter, dynamic model of the process side 
of a utility heater/cooler can be written as 


aun =m (B, — he.) tQ (17.22) 


where superscript p denotes process stream, and H, hin, Aout; 
and m represent enthalpy of process holdup, specific enthalpy of 
the incoming process stream, specific enthalpy of the exiting 
process stream, and mass flowrate of the process fluid, 
respectively. Q is the heat transfer rate. The dynamic 
heater/cooler models vary depending on how Q is calculated. 
The appropriate option for calculating Q should depend upon 
the actual process configuration. Even though the number of 
possible options varies with the process simulator of choice, 
four common options will be discussed here. The first option, 


called the “constant duty” option here, is the simplest case, 
where the heat duty can be an input variable that can be used as 
an MV in the dynamic simulation for maintaining the 
temperature. This option may be used for processes where a 
heating fluid (such as steam) or a cooling fluid (refrigerant) is 
being used such that the process temperature is far from the 
heating/cooling-medium temperature, and it is not expected 
that the system will ever reach the minimum temperature 
approach. The underlying assumption of this option is that the 
dynamics in the heating/cooling medium are very fast and, 
therefore, can be neglected. With this option, if a temperature 
controller is not considered and the process-stream flowrate, 
specific heat, or inlet temperature drastically changes in 
comparison to its steady-state design conditions, the outlet 
temperature can be unrealistic and the simulation may fail to 
converge. In the second option, called the “constant medium 
temperature” option here, while calculating Q using Equation 
(17.23), the heating/cooling medium temperature is assumed to 
remain constant at the inlet temperature as shown in Equation 
(17.24). 


Q =U, AAT in (17.23) 


(Tin Tn) ~ (Tout -Tm) 


AT im = 2 
Tı In[ (TP, —Tin) / (Tout -Tm)] 


(17.24) 
In Equation (17.24), Tm, Tin, Tout denote the temperature of the 
heating/cooling medium, inlet, and outlet process streams, 
respectively. This option is appropriate when the change in the 
heating/cooling-medium temperature along the length of the 
separator/vessel is negligible, and its flowrate is kept constant 
in the dynamic simulation. The first two options do not take 
into account the cooling/heating-medium flowrate and the 
change in the utility temperature due to heat exchange. 
Therefore, they cannot be used in dynamic simulations where 
the flowrate of the medium varies (i.e., it is a DV or an MV) 
and/or the utility flow must be accounted for. Therefore, in the 
third option, called the “LMTD” option here, the effect of the 
flowrate of the medium and its temperature change due to heat 
exchange are considered. Neglecting the temperature dynamics 
of the medium, in this option, the medium temperature is 
calculated by (assuming that the specific heat of the medium is 
constant and there is no phase change of the medium) 


Q = ™mCpm (Tm,out z Troin) (17.25) 


where rim, Cp,m» Tm,outr and T,n,in are the flowrate, specific heat, 
and inlet and outlet temperatures of the medium, respectively. 
In this option, the holdup of the medium is not considered. 
Additional equations should be written if the temperature 
transients of the metal mass are considered. 

If the heat duty is provided by evaporating/condensing a 
medium, then the option (fourth option) is to model the heat 
duty by 


Q = mÀ (17.26) 


where À is the specific latent heat of the evaporating/condensing 
medium. 


It should be noted that many variations are possible while 
calculating Ò other than those mentioned above. In addition, 
the equations provided above under each option do not conform 
to any specific simulator. For the options and the corresponding 
equations used in a specific simulator platform, the reader 
should consult the specific user manual. 

Example 17.1 demonstrates how the option chosen for a 
cooler affects its transient response and the final steady-state 
temperature. 


Example 17.1 


Steam is being condensed in a surface condenser of a 
steam turbine under vacuum using cooling water. The 
flowrate of the steam to the condenser is 50 kmol/h at a 
temperature and pressure of 55°C and 0.12 bar, 
respectively. The pressure drop in the condenser is 0.02 
þar. At the outlet of the condenser, the steam is 
completely condensed without any subcooling. Cooling 
water is available at a temperature and pressure of 25°C 
and 5 bar, respectively. Design the cooler such that the 
cooling water temperature at the condenser outlet is 
35°C. The maximum allowable pressure drop of the 
cooling water is 0.5 bar. Develop three dynamic models 
of this condenser using the “constant duty” option, the 
“constant medium temperature” option, and the “LMTD” 
option. Compare the transient response of the process 
outlet temperature for each of the options when the 
flowrate of the steam is step decreased to 45.5 kmol/h. 


Solution 


The problem is set up in Aspen Engineering Suite (AES) 
using Aspen Plus V9.0, Aspen Plus Dynamics V9.0, and 
Exchanger Design and Rating (EDR) V9.0. In Aspen 
Plus, the heater/cooler volume can be provided under 
“dynamic options.” The volume can be distributed 
between inlet and outlet volumes. In addition, the 
quantity of the metal mass can be provided. Considering 
that the steam is in the shell side, the shell volume and 
the shell mass are calculated using Aspen EDR. In Aspen 
EDR, the design objective for optimization is considered 
to be minimization of cost. The default design options for 
shell-and-tube heat exchangers in EDR are used. The 
designed heat exchanger has one shell of diameter 0.337 
m, tube OD of 0.019 m, tube ID of 0.015 m, tube length 
of 2.44 m, 117 tubes, and a shell weight (including the 
heads) of 392 kg. The material of construction is carbon 
steel. As mentioned before, the shell-and tube-side 


volumes can be provided under “dynamic options” in 
Aspen Plus, with options for providing separate inlet and 
outlet volumes. In this simulation, the shell-side and 
tube-side volumes are calculated from the heat- 
exchanger design mentioned above and then divided into 
two equal volumes for the inlet and outlet volumes. A 
similar approach is taken for the metal mass. Three 
condenser models are considered in Aspen Plus, all with 
the same steady-state specifications, but the dynamic 
specifications are as per the problem statement. The 
converged Aspen Plus simulation is exported to Aspen 
Plus Dynamics, and after running the dynamic 
simulation for about 0.08 h, the flowrate of steam is 
decreased from 50 kmol/h to 45.5 kmol/h. No controller 
is implemented; that is, neither the heat duty, the 
medium temperature, nor the medium flowrate is 
changed. The transient response of the process stream at 
the outlet of the condensers is shown in Figure E17.1. The 
temperature at the outlet of the condenser with the 
“constant duty” option reaches a negative value. Even 
with this severe temperature cross, the simulation 
continues without any warning. When the steam flowrate 
is decreased, it would be expected that the cooling water 
outlet temperature would decrease. Thus, the condenser 
with the “LMTD” option shows a lower condenser outlet 
temperature than the condenser with “constant medium 
temperature” option, that is, a few degrees of subcooling. 
The temperature response of the exchanger with the 
“LMTD?” option is as expected. This example 
demonstrates that the user needs to be careful about the 
choice of the heat-exchanger blocks to avoid unrealistic 
results from a dynamic simulation. 
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Figure E17.1 Transient Response of the Condenser 
Outlet Temperature with “Constant Duty” Option, 
“Constant Medium Temperature” Option, and “LMTD” 
Option 


Process Heat Exchanger. For simulating process heat 


exchangers, two options will be considered. In the first, which 
will be called the “simple” option, the process heat exchangers 
will be simulated simply by combining a heater with a cooler 
and equating their heat duties, as shown in Figure 17.5(a). This 
option is widely used in steady-state simulation. In a steady- 
state simulation, the outlet temperature of E-1101A/E-1101B or 
its heat duty can be specified, ensuring that the minimum 
temperature approach is not violated. However, if the flowrates 
and/or the temperatures of the hot and cold streams vary in the 
dynamic simulation, there can be a temperature cross. Even 
though this is physically impossible, the simulation may not 
report this error and continue. This can result in completely 
unrealistic transient response and steady-state results as seen in 
Example E17.2. The second option is to consider a heat 
exchanger as shown in Figure 17.5(b). This will be called a 
“rigorous exchanger,” in the sense that this option is a rigorous 
lumped-heat-exchanger model with appropriate methods for 
calculating heat transfer coefficients. 
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Figure 17.5 Configurations of Process Heat Exchangers: (a) 
Simple Configuration; (b) Rigorous Configuration 


A simple model of a rigorous heat exchanger can be written 
as 


— = tine (hE, — heu) +Q (17.27) 
dH” — tiny, (hh, — hh.) + Q (17.28) 
Q = UAAT m (17.29) 


In Equations (17.27) and (17.28), superscripts c and h denote 
cold and hot streams, respectively. Other variables have 
connotaions similar to Equation (17.22). Additional equations 
are required if the effect of the metal mass is considered. As 
mentioned before, such considerations play a key role in the 
transient response of the models intended for simulating plant 
start-up/shutdown. In addition, based on the expected skin 
temperature of a heat exchanger, it may be important to 
consider the heat loss to the environment. 

Example 17.2 shows that a simple process heat exchanger 
can give unrealistic results under certain process conditions. In 
this and other examples in this chapter, the specifications 
shown in the flowsheet are the steady-state values. 


Example 17.2 


Develop two dynamic models of the process heat 
exchanger shown in Figures E17.2(a)(a) and E17.2(a)(b), 
one with the simple option and another with the rigorous 
option. In this process heat exchanger, at the design 
condition, Stream 1, a mixture of methane and ethane, is 
to be heated to 200°C by a hot stream of ethane. Initially 
the process is at steady state. Then the flowrate of Stream 
1 is decreased by a step change to 45 kmol/h. Show the 
transient response of the outlet temperatures of the hot 
and cold streams from both the heat-exchanger models. 
Assume heat loss to the environment to be negligible. 
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Figure E17.2(a) (a) Simple Configuration of a Heat 
Exchanger; (b) Rigorous Configuration of a Heat 
Exchanger 
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Figure E17.2(b) Transient Response of the Hot and 
Cold Stream Temperatures for the Simple Heat 
-Exchanger Configuration and the Rigorous Heat 
-Exchanger Configuration 


Solution 


The problem is set up in Aspen Engineering Suite (AES) 
using Aspen Plus V9.0, Aspen Plus Dynamics V9.0, and 
Exchanger Design and Rating (EDR) V9.0. In Aspen 
Plus, the shell-and tube-side volumes of both heat- 
exchanger models are provided. The volumes are equally 
distributed between the inlet and outlet volumes. In 
addition, the quantity of metal mass is provided. For 
calculating the shell-side and tube-side volumes and the 
metal mass, Aspen Exchanger Design and Rating V9.0 is 
used. In this design of a floating-head, shell-and-tube 
heat exchanger, the hot fluid is located on the shell side. 


Predictive SRK (PSRK in Aspen Properties) EOS is used 
for designing the exchanger in EDR and for simulating it 
in Aspen Plus and Aspen Plus Dynamics. The design 
objective for the heat-exchanger design is to minimize 
the cost. The default design options for shell-and-tube 
heat exchangers in EDR are used. The designed heat 
exchanger has one shell of diameter 0.205 m, a tube OD 
of 0.019 m, a tube ID of 0.015 m, a tube length of 4.877 
m, 40 tubes, a shell weight (including the heads) of 356 
kg, and a tube-bundle weight of 205 kg. The material of 
construction for both the shell and tubes is carbon steel. 
For the simple heat exchanger, the pressure drops on 
both the shell and tube sides are assumed to be 0.1 psi. 
For the rigorous heat exchanger, the EDR file is inserted 
in the heat-exchanger specification sheet. The converged 
Aspen Plus simulation is then exported to Aspen Plus 
Dynamics, and after running the dynamic simulation for 
about 0.08 h, the flowrate of Stream 1 is decreased from 
100 kmol/h to 45 kmol/h. The transient response of the 
hot and cold streams at the outlet of the heat exchangers 
is shown in Figure E17.2(b). The hot stream temperature 
in the simple configuration does not change at all, since 
the heat-exchanger duty remains the same and the inlet 
condition of the hot stream does not change. There is a 
temperature cross in the cold stream outlet temperature, 
because it exceeds 300°C, the inlet temperature of the 
hot stream. However, the simulation continues without 
any warning. The temperature response of the rigorous 
exchanger is as expected. It should be noted that in 
Aspen Plus Dynamics, the response of the simple 
exchanger can be made similar to that of the rigorous 
exchanger by writing “scripts.” 


Flash Separators and Storage Vessels. Equations 
(17.6) through (17.9) describe the dynamic model of a flash 
vessel. For a storage vessel, only a single phase is considered; 
thus, Equations (17.6) through (17.9) can be modified 
accordingly. As mentioned previously, the geometry/size 
information should be provided for the flash separators and 
storage vessel. In the case of a nonisothermal model, an energy 
balance equation is also needed. The energy balance equation is 
written as 


S z Fhin -= Vk” — Lh T Qin E Qis (17.30) 


where hin, h”, and h! are the molar enthalpies of the feed stream, 
vapor outlet, and liquid outlet, respectively. Qin is the rate of 
heat transfer to the vessel and is considered to be nonzero for a 
vessel with a heating or cooling jacket. Ope is the rate of heat 
loss to the environment and can be considered to be zero for a 
well-insulated vessel and/or when the vessel temperature is 


close to the temperature of the environment. For the left-hand 


term of Equation (17.30), appropriate forms of Equations 
(17.19) and (17.21) are used. For calculating Q in 1n the dynamic 
simulation, the options are similar to what has been discussed 
in the section on utility heaters/coolers. Any of the four options 
discussed there can be used with the most appropriate option 
chosen for the situation under consideration. The heat transfer 
option, whenever applicable, plays a key role in the transient 
response of the temperature. Example 17.3 shows how the heat 
transfer option affects not only the temperature of the system 
but also other state variables. 


Example 17.3 


Figure E17.3(a) shows the schematic of a jacketed flash 
vessel in which a mixture of CO, and methanol is being 
separated. The inlet temperature of the heating medium 
stream is 90°C and its specific heat is similar to that of 
water. There is no phase change of the heating medium 
in the jacket. Compare the transient response of the flash 
vessel outlet temperature and its level for the “constant 
duty” and “LMTD” options when the inlet feed flowrate is 
reduced to 10 kmol/h. Assume no change in the inlet 
temperature and flowrate of the heating medium. The 
vessel is well insulated; that is, heat loss to the 
environment may be assumed to be negligible. 
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Figure E17.3(a) Configuration of the Jacketed Flash 
Vessel for Separating CO and Methanol 


Solution 


The problem is set up in Aspen Engineering Suite (AES) 
using Aspen Plus V9.0 and Aspen Plus Dynamics V9.0. 
The Aspen Plus V9.0 simulation is developed by 
modifying one of the examples for methanol absorbers 
available in the example flowsheet under Program 
Files\AspenTech\Aspen Plus 

V9.0\GUI\Examples\ Physical Solvents. For users 
simulating it in other platforms, it should be noted that 
the perturbed-chain statistical associating fluid theory 
(PC-SAFT) EOS is used. In this model, the 
thermophysical property models have been validated 
against DIPPR correlations for species vapor pressure 
and liquid density and against literature data for liquid 


heat capacity, heat of vaporization, and VLE. The vessel 
size is calculated considering both liquid holdup and 
vapor velocity following the heuristics laid out in Table 
11.6. Holdup time is considered to be 5 min for the half- 
full flash vessel. For calculating the gas velocity, the flash 
vessel is considered to have a mesh demister. It is 
assumed that L/D = 3. The values of length and diameter 
are found to be L = 1.92 m and D = 0.64 m. The thickness 
of the wall is found using carbon steel as the material of 
construction and by applying the following equation: 


PD 


=A CA 
35h -LP N 


t 
where P is the design pressure of the vessel (in bar), D is 
the diameter of the vessel (m), S is the maximum 
allowable stress (940 bar for carbon steel), E = 0.9, and 
CA = corrosion allowance (assumed to be 0.00315 m 
here). Accordingly, the metal mass of the vessel is 
calculated. Two models of the flash vessel, one with the 
“constant duty” option and the other with the “LMTD” 
option, are set up in Aspen Plus. The simulation is 
exported to Aspen Plus Dynamics as a pressure-driven 
simulation. The pressure and the level of the vessel are 
maintained by PI controllers. The feed flow is decreased 
to 10 kmol/h. The corresponding transient response of 
the temperature is shown in Figure E17.3(b)(a). The 
temperature of the flash vessel with the “LMTD” option 
does not change appreciably. The initial increase in the 
temperature of the flash vessel with the “constant heat 
duty” option is slightly higher than the heat exchanger 
with the “LMTD” option. However, it is seen in Figure 
E17.3(b)(b) that the level in the vessel with the “constant 
duty” option starts decreasing even with the liquid outlet 
valve completely closed. This is because the rate of vapor 
flow out is larger than the feed flowrate. Eventually, as 
the vessel becomes completely empty, the temperature 
steeply increases, as seen in Figure E17.3(b)(a). Note that 
the level of the flash vessel using the “LMTD” option is 
maintained at near its steady-state value after some 
small transient due to the steep change in feed flow. The 
reader is encouraged to verify that as the feed valve is 
completely closed, the temperature of the flash vessel 
with the “constant duty” option steeply increases to the 
maximum temperature allowed by the simulator (which 
is 1995°C in Aspen Plus Dynamics, by default). This 
example demonstrates that it is important to model the 
heat transfer option appropriately for jacketed flash 
vessels to obtain a representative transient response. 
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Figure E17.3(b) Transient Response of the Jacketed 
Flash Vessels with “Constant Duty” Option and 
“LMTD” Option: (a) Temperature Transient; (b) Level 
of the Flash Vessel 


Reactors. A number of excellent references discuss 
dynamic models for nonisothermal CSTR and PFR reactors [5, 
6]. Interested readers should review the discussions provided in 
these books. In a process simulator environment, the user needs 
to provide the reactor orientation (note that this option matters 
only when a level is maintained or if the effect of gravity is 
considered for a liquid-phase reactor) and the reactor size. The 
reactor size (and therefore the residence time) not only affects 
the steady-state results but also has a significant effect on the 
transient response of the product composition and temperature. 
For dynamic simulation of jacketed reactors, the heat transfer 
options are similar to those discussed previously for utility 
heaters/coolers. The heat transfer option can strongly affect the 
transient response of the reactor. For packed-bed reactors, the 
catalyst temperature and its dynamics can be different from 
those of the process stream, especially when the heat transfer 
coefficient is low. To model such reactors, separate energy 
conservation equations for the process stream and the catalyst 
are considered in a process simulator. The model equations for 
a dynamic PFR consist of partial differential equations (PDEs). 
As the process simulators usually consider a one-dimensional 
model of a PFR, the steady-state model can be solved by an 
efficient ordinary differential equation (ODE) solver. For 
dynamic simulation of PFRs, two common approaches are to 
use the method of lines or to approximate the PFR as series of 
CSTRs. 


Method of Lines. In this method, the PDEs are discretized 
in the spatial dimension, leaving the time variable continuous, 
generating a system of ODEs. Coupled with the algebraic 
equations, this generates a system of differential algebraic 
equations (DAEs). The spatial discretization can be performed 
by several methods, such as finite-difference methods 


(backward or central finite difference), orthogonal polynomials 
(collocation methods), and others. The dynamic simulation can 
be initialized based on the steady-state results or by a consistent 
set of initial conditions. However, there can be large errors 
(which may eventually lead to convergence failure) due to an 
insufficient number of grid points if there is a large change in 
the species concentration or temperature. If the number of grid 
points increases, so does the number of equations. Therefore, 
the grid size is specified by evaluating the trade-off between 
accuracy and computation expense. A reasonable grid size for a 
particular system is often established by a grid sensitivity study. 


Series of CSTRs. A PFR can be replaced by a series of 
CSTRs. In this technique, the state variables can be initialized 
by using the steady-state results and/or by a consistent set of 
initial conditions. Similar to the method of lines, the suitable 
number of CSTRs to replace a single PFR depends upon the 
system of interest and has to be determined on a case-by-case 
basis. 


Distillation Columns. A number of excellent books are 
available that discuss the dynamic models and control of 
distillation columns [7—9]. The condenser of a distillation 
column is a special type of cooler in which phase change takes 
place. Therefore, the previous heat transfer options for utility 
heaters/coolers are applicable. The reflux drum in a distillation 
column with a partial condenser is similar to a flash vessel, and 
the discussions provided before are also applicable. The 
discussion of utility heaters is applicable to kettle-or 
thermosiphon-type reboilers. In the case of forced-circulation 
reboilers or fired heaters used as reboilers, pumps are usually 
used. Therefore, additional equations/unit operations will be 
required to capture the flow dynamics along with the 
appropriate heat transfer option. In the case of fired heaters, 
especially when they are large, a simple heater model is not 
representative. In large fired heaters, both radiative and 
convective heat transfer usually play a key role based on the 
spatial location. In addition, the dynamics of the fuel-oil/fuel- 
gas stream and the oxidant stream may have a large impact on 
the dynamics of the process streams. Therefore, appropriate 
process models should be chosen for these unit operations. The 
column sump and reflux drum volumes should be calculated 
mainly based on holdup requirements. For tray columns, the 
tray hydraulics should also be considered. The dynamic model 
of a tray can be developed by suitably modifying the equations 
provided earlier for a flash vessel. Therefore, the liquid and 
vapor holdup on a tray and the pressure drop (if important) 
should be modeled precisely. For these calculations, the tray 
type, spacing, configuration (single/double pass, etc.), the tower 
diameter, the weir height, the open area, downcomer details, 
and other characteristic parameters based on a type of tray 
should be specified. For packed columns, the packing type and 


packing void fraction, specific surface area, height of packing in 
a section, packing diameter, and other characteristic parameters 
based on packing type should be specified. Most steady-state 
process simulators offer sizing routines, and, therefore, these 
can be used to generate this information. In addition, the metal 
mass of the reflux vessel, the sump, trays/packing, and the 
column shell may be important, especially when a large 
variation in operating temperature is expected or for dynamic 
models intended for studying start-up/shutdown. In addition, 
heat loss to the environment can be modeled. 


17.3 DYNAMIC SIMULATION SOLUTION 
METHODS 


A dynamic model involves the solution of a system of DAEs. The 
differential equations relate the state variables to other state 
variables and the manipulated variables. The algebraic 
equations relate the output variables to the state variables and 
represent the constitutive relations, properties calculations, and 
any other closure equations. In addition, the algebraic 
equations relate the output variables to the state variables. 
Mathematically, 

& = f(a,y,u,d,6) (17.31) 


ae 


h(x,0, y) =0 (17.32) 


where x, u, d, 0, and y denote state variables, manipulated 
inputs, disturbance inputs, parameter vector, and algebraic 
variables, respectively. 


The index of a DAE system is defined as the minimum 
number of times the function h(x, 0, y) must be differentiated 
to result in a DAE system. For problems that are of index higher 


than one, D is singular, and consistent initial conditions must 


be specified. Most commercial process simulators handle only 
index-one problems, and, therefore, the discussion that follows 
pertains only to these types of problems. It should be noted that 
the stability of any numerical method can be markedly different 
for the case of higher-index problems, and certain sections of 
the following discussion are not applicable to problems of 
higher index. Solving a dynamic simulation involves two steps, 
namely, initialization and the solution of the DAE system. In the 
following paragraphs, these steps will be discussed in detail. 


17.3.1 Initialization 


Process simulators solve first-order ODEs as shown in Equation 
(17.31). In the initialization step, a consistent set of initial values 
is calculated by using Equations (17.31) and (17.32). If there are 
s state variables and w algebraic variables, then a total of s + w 
equations is available. However, in the initialization steps, the 


unknowns are s number of x(0), s number of “ l 0” and w 


number of y(0). Therefore, s number of variables among 2s 


unknown state variables and their derivatives should be 
specified. The variables that should be specified depend upon 
the problem being solved. When the initial state is steady state, 


then = io = 0. However, if the initial state is a cold start-up 


or shutdown of the system, or if the system is not at steady 
state, all or some of the initial values of x(0) can be specified. 


Additionally, some = lei values and/or y(0) values can be 


specified, if necessary, for making the system square, but such 
specifications must ensure that they are consistent, that is, that 
they satisfy Equations (17.31) and (17.32). 


17.3.2 Solution of the DAE System 


As seen previously, it may be possible to convert the system of 
DAEs shown in Equation (17.31) to a system of ODEs by 
differentiating the algebraic equations and manipulating them. 
However, this procedure can be very tedious for many systems 
and is not always guaranteed to produce a system of ODEs in 
explicit form. Therefore, the popular approach is to carry out 
numerical integration of the differential equations in Equation 
(17.31) and then solve them along with the algebraic equations. 
Therefore, a linear/nonlinear algebraic system of equations is 
finally solved. However, the process dynamic simulators vary 
based on how the DAEs are solved. These are broadly divided 
into two methods, namely, modular and simultaneous. 


Modular. The modular method is similar to the sequential 
modular (SM) method discussed in Chapter 16 for steady-state 
simulation. The idea is to solve the dynamic model of individual 
equipment separately and then iterate until a converged 
solution is reached. However, as discussed in Section 17.2.1, the 
flow into and out of a unit operation depends upon the 
upstream and downstream pressures of the corresponding 
blocks in a dynamic simulation. This necessitates an iterative 
approach even in the absence of a recycle. In the presence of 
recycle, tear streams are generated similar to the SM method. 
However, the initial guess for temporal variations of the tear 
stream is needed. This usually makes it much more 
computationally expensive, especially for large simulations and 
if a large number of recycles are present. The advantages are in 
using an efficient solution approach for specific unit operations 
instead of using a general-purpose equation solver and easier 
troubleshooting in the case of convergence failure. 


Simultaneous. In this method, all the equations for all the 
blocks are collected together and solved simultaneously. The 
simultaneous method again can take two different approaches. 
In one approach, a separate pressure-flow solver is used to solve 
only the pressure-flow network equations, while other 
equations can be solved at a different time interval (frequency). 
This approach has two advantages. First, an efficient solution 
approach for specific unit operations can be used. Second, time- 
consuming calculations such as flash calculations can be carried 


out at different frequencies. Another approach is to solve all the 
equations simultaneously, including the pressure-flow 
equations. This approach guarantees stability and accuracy of 
solution as long as an appropriate solver is chosen. These 
concepts will be made clear in the following discussions. 

For solving the differential equations, an efficient integrator 
algorithm is required. As the integrator algorithm generates a 
set of linear/nonlinear equations, an efficient algebraic equation 
solver is also required for solving the coupled equations. A brief 
account of the integrator and linear/nonlinear algebraic 
equation solver algorithms will now be provided. 


Dynamic Simulation Integrator Algorithms. Before 
further discussion of integrator algorithms, the definition of a 
stiff problem will be provided. Considering Equation (17.31), if 
J= os and the matrix J has eigenvalues A; for which max|A;,| 


>min|A;|, then the system is called stiff. Stiff problems can be 
difficult to solve and need special consideration when applying 
numerical methods. These points are discussed below. 

Various numerical integration methods are usually taught as 
part of a numerical methods course. Therefore, only the salient 
points that are important from the point of view of dynamic 
simulation of a process model will be covered here. 


Explicit Methods. In explicit methods, state variables at 
any time instant n + 1 are explicitly written in terms of the 
variables at the previous instant, that is, at time n. For 
Equation (17.31), this takes the form 


n+ = gln, Yn: Un, dn, 0) (17.33) 


This approach can be very advantageous for a system of 
ODEs, since the solution of a system of nonlinear equations 
is avoided. However, in the case of a DAE system, which 
usually is the case for a process simulation, a nonlinear 
system of equations still needs to be solved because of the 
coupled algebraic equations. The explicit Euler method is 
available in most dynamic simulators and will be discussed 
below. 


Explicit Euler Method. This is probably the simplest 
first-order, explicit method based on a forward difference 
approximation of the derivative. Considering Equation 
(17.31), the numerical integration is written as 


Eni1 = Zn + Atn f(n, Yn, Un, dn, 9) (17.34) 


This method is stable for a restrictive time step, beyond 
which it may be unstable; that is, x will eventually grow 
without limits and the integrator will fail to converge. The 
stiffer the system is, the smaller the time step must be to 
obtain a stable solution. On the other hand, the simulation 
should be run until the process with the smallest time 
constant has reached its new steady state. In addition, a 


much smaller time step than is required for stability will 
make the approach computationally inefficient. This makes 
the Euler method difficult to use for large process 
simulations containing thousands of equations and where 
the time scales of different processes are widely different. 

A few other explicit methods will also be discussed under 
“Multistep Methods.” 


Implicit Methods. In implicit methods, irrespective of 
whether an ODE or a DAE system is being solved, a system 
of algebraic equations needs to be solved. The biggest 
advantage of any implicit method is that it is stable for large 
step sizes, and some implicit algorithms are stable for any 
step size. However, a larger step size can cause errors in 
solution or convergence failure. Therefore, it makes sense to 
modify the step size adaptively: using a smaller step size 
when there is a significant change, and using a larger step 
size otherwise. 


Implicit Euler Method. This is probably the simplest 
first-order implicit method based on a backward difference 
approximation of the derivative. Considering Equation 
(17.31), the numerical integration is written as 


Ln+1 = Lp + Atn f (Eny, Yn+1 Un+1, dn+1, 9) 
(17.35) 


Trapezoidal Method. This is a very popular second-order, 
single-step method. 


Ln+1 = En + Ata (F(Ent1, Yaa» Unti» dns1, 4) TE f(En, Yn: Un, dn, 0)) 
(17.36) 


Multistep Methods. Multistep methods can be explicit or 
implicit. This family of methods is widely applicable for 
different types of process models. The generic formulation 
for the methods in this class is given by 


q q+1 
Zn+1 = X aini + Atn J bi f(En4+1-5, Ynt1—jr Unti—j» In+1-j, 9) 
i=0 j0 


(17.37) 


Note that if bo is set to zero, this becomes an explicit 
method. Any multistep method can be used for different 
polynomial orders. Different multistep methods differ in 
how the index q varies based on the polynomial order and 
which coefficients are set to zero. Under this category, one of 
the most popular methods is Gear’s method. In Gear’s 
method, 


(17.38) 


bi =b =..... b, = 0 


A fourth-order Gear’s formula is given by 


Ln+1 = ApEn + A, Xn-1 + AQPn_2 + a3 Ln-3 
a Atn bo F(@n41 2 Yn411 Un4+1) dn+1 ’ 0) 


(17.39) 
48 36 16 3 12 
whereay = 95? = T = 35 = — 55 70 = 25 


Two other methods in this category are also popular. These 
are the Adams-Bashford and the Adams-Moulton methods. 
The Adams-Bashford method is explicit and the Adams- 
Moulton method is implicit. 


If more points are used in a time interval, that leads to the 
popular Runge-Kutta family of methods. The Runge-Kutta 
family of methods can be explicit or implicit. An sth-order 
explicit Runge-Kutta method for a DAE system, such as 
Equations (17.31) and (17.32), is given by 


Ln+1 = Ln + At, > bi F(Xni, Ynis Unis Dris 0) 
i=1 


s 
Xni = Ln + Atn S aij f(Xnj, Yn j Unj Dnj, 0) 
j=l 
h(Xni, Yai Uni, Dri, 0) =0,i=1..s 
(17.40) 


A very popular method in this family is the fourth-order, 
explicit Runge-Kutta method. Implicit Runge-Kutta 
methods are also known as the Gauss-Legendre method. 
They are computationally expensive but have very good 
stability properties. 


Predictor-Corrector Methods. The implicit methods can 
be used effectively to solve stiff problems, and larger steps 
can be taken without sacrificing stability. However, due to 
convergence problems, quite often a larger step size cannot 
be taken. If a better initial guess can be generated, then a 
larger step can be taken without convergence failure. With 
this incentive, a family of predictor-corrector methods is 
used for solving dynamic simulations. In these methods, the 
initial guess is generated by an explicit method in the 
prediction step, which is followed by a correction step, 
where an implicit method is used. For example, an explicit 
Euler algorithm can be used as the predictor algorithm while 
using an implicit Euler algorithm. The Adams-Bashford 
algorithm can be used for prediction while the Adams- 
Moulton algorithm can be used in the correction step. 

Due to the numerical integration, an error, even though it 
may be very small, is unavoidable, due to the difference 
between the exact value of the variable and the calculated 
value of the variable. This error at each time step is known 
as the local truncation error (LTE). Various methods are 
used in process simulators to calculate the step size based on 
the LTE value. 


In chemical processes, different unit operations vary 
widely in their time constants. For example, in a single 
reactor, there may be multiple reactions taking place, some 
of which are very fast (such as combustion reactions), while 
others are slow or very slow. Such systems lead to stiff 
processes that are very difficult to solve. Most explicit 
methods (including the explicit Runge-Kutta method) fail 
miserably or would require such a small step size that the 
computation would become very inefficient. Implicit 
methods are a natural choice for such systems. Even when 
using an implicit method, it is necessary to restrict the step 
size for convergence purposes. A larger step can be taken 
when the transients of the faster processes die out. 
Therefore, an adaptive method is particularly useful. It 
should be noted that a higher-order method does not 
necessarily lead to better stability, since only implicit 
methods of order less than or equal to 2 are A-stable. A- 
stable algorithms are stable for any At > o as long as Re(A;) < 
o. A number of diagnostic methods can be used when the 
process equations are available to the user and are amenable 
to diagnosis. For example, for detecting the stiffness, the 
dominant eigenvalue of the Jacobian of the problem can be 
calculated. In process simulations, the number of 
differential equations can be in the tens of thousands and 
the number of algebraic equations can be in the hundreds of 
thousands. In addition, the model equations may not be 
extracted from the process simulator. Therefore, the user 
may have only those diagnostics that are provided by the 
simulator or that can be calculated with a reasonable effort. 
Considering all these issues, an implicit adaptive method of 
order between 2 and 4 is a very good choice for dynamic 
simulation in a process simulator environment. 


Linear/Nonlinear Equation Solvers. Once the ODEs 
are discretized, a large set of equations that also includes the 
algebraic equations given by Equation (17.30) is formed. The 
number of equations in a set depends upon the solution 
approach (such as modular, simultaneous with pressure-flow 
network solved separately, simultaneous with all equations 
collected and solved together) as discussed previously. 
Nevertheless, a set of linear/nonlinear equations must be 
solved. The discussion in Section 16.3.2, for solving a set of 
linear/nonlinear equations in the EO approach, is also 
applicable here. This also includes the application of a block- 
decomposition algorithm for increasing the speed. 

Example 17.4 demonstrates the effect of the choice of 
integrator algorithm. 


Example 17.4 


Synthesis gas composed of CO, COs, Hs, and H,O is sent 
to a plug-flow reactor, R-1101, through a feed valve for 


producing methanol as shown in Figure E17.4(a). The 
following reactions take place [10, 11]: 
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Figure E17.4(a) Configuration of the Reactor for 
Producing Methanol from Syngas 


CO + 2H ,O = CH; OH (E17.4a) 
CO + H,O = CO, + He (E17.4b) 
CH30H + CH,O + Ho (E17.4c) 


The corresponding rate laws for these reactions are 
[10, 11] 
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where C; is the concentration of the species i in kmol/m’. 
A coolant with a constant temperature of 350°C and 
the overall heat transfer coefficient is 80 W/m*°C. The 
reactor effluent is sent to E-1102 where it is cooled to 
40°C at steady state. At steady state, the feed 
composition (mole fraction) and feed flowrate are 


H, 0.42 
H,O 0.16 
co 0.2 

CO, 0.22 


Flowrate = 100 kmol/h 


The catalyst particle density is 1800 kg/m®, and the bed 
voidage is 0.45. The reactor length is 5 m, and the 


diameter is 1 m. At steady state, the feed valve is 50% 
open. The feed valve is closed to 25% in a single step. 
Compare the dynamic responses of the methanol and H, 
concentrations at the reactor outlet by using various 
explicit methods (such as the explicit Euler and Runge- 
Kutta methods) and implicit methods (such as the 
implicit Euler and Gear’s method of various orders). 


Solution 


The problem is set up in Aspen Engineering Suite (AES) 
using Aspen Plus V9.0 and Aspen Plus Dynamics V9.0. 
The thermodynamics package used is PR EOS. The 
pressure drop in the reactor is calculated by the Ergun 
equation. It is assumed that the catalyst and the fluid are 
at the same temperature. The CuO/ZnO/Al1,0, catalyst 
used in this study contains about 63 wt% CuO, 25 wt% 
ZnO, and 12% AlO; [10]. The mass-weighted heat 
capacity of the catalyst is calculated to be 635 J/kg K. As 
the reactor model is solved in Aspen Plus Dynamics 
using the method of lines, the PFR is discretized into 100 
grids and solved with the first-order, backward finite- 
difference method. Cooler E-1102 is set up using the 
“LMTD” option. In Aspen Plus Dynamics, when the 
explicit Euler method is used, the dynamic simulation 
could be solved only with a minimum step size of 0.4 x 
10 °s. Such a small step is obviously unacceptable. 
Performance of the fourth-order explicit Runge-Kutta 
method is slightly better, but still unacceptable. The 
implicit Euler method, Gear’s method of order two, and 
Gear’s method of order five yield similar results. Figure 
E17.4(b) shows the methanol and H, concentrations at 
the reactor outlet. Considering the computational 
expense, the implicit Euler’s method is the best choice for 
this system. 
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Figure E17.4(b) Transient Response at the Outlet of 

the Reactor: (a) Methanol Concentration (Mole 
Fraction); (b) H, Concentration (Mole Fraction) 


17.4 PROCESS CONTROL 


When there is no controller present, the dynamic response is 
called the open-loop response. Open-loop dynamic simulation 
can be performed only for open-loop-stable processes. A 
process is open-loop stable if the state variables return to 
steady-state values when one or more input variables are 
perturbed. For the processes that are open-loop unstable, an 
appropriate regulatory control layer should be designed first. 
The dynamic response of a closed-loop process does not only 
depend on the process itself but also on the control 
configuration and controller design. This discussion will mainly 
focus on lower-level, control system design that is required both 
for a stable simulation and for satisfying the objectives of plant 
operation. Only the essentials of process control needed to 
obtain a stable dynamic simulation are discussed here, but the 
interested reader can find more details on process control from 
several excellent books in this area [12-14]. 


Lower-level controllers are usually single-input-single- 
output (SISO) controllers. These controllers maintain a single 
output, known as the controlled variable (CV), at its desired 
value, known as the set point (SP), by manipulating a single 
input, known as the manipulated variable (MV). There are two 
objectives for the lower-level control system design, namely, set 
point tracking or servo control, and regulatory control or 
disturbance rejection. In servo control, the objective is to track a 
reference trajectory in the SP, while in regulatory control, the 
objective is to maintain the CV at the SP in face of process 
disturbances. 

If the lower-level control system design is not appropriate, 
the simulation may slowly drift from its nominal operating 
condition or reach an undesired operating region. In the worst 
case, it will lead to convergence failure. For stability of the 
dynamic simulation, both control structure design and 
controller design are important. 

The most common control structure is feedback control used 
for both the servo and regulatory functions. In feedback control, 
at every simulation time step, the CV is sampled and compared 
to the SP, and an error signal is generated. If the deviation 
variables (i.e., deviation from the steady-state values) for CV 
and SP are denoted by ym and yr, respectively, then the error is 
calculated as 


E = Ur — Um (17.41) 


The control action is almost always based on the error signal 
and depends upon the controller design. Most frequently a 
proportional-integral-derivative (PID), or a proportional- 
integral (PI), or a proportional-only (P-only) controller is used 
for calculating the control action. If the deviation variable of the 
control action is denoted by c and if a PID controller is used, 
then the control action can be written as 


SOR, k (+t i: WE “0 


(17.42) 


In Equation (17.42), Ke is the proportional gain, tT; is the integral 
time or reset time, and Tp is the derivative time constant. While 
designing the controller, the direction of the control action must 
be provided by the user. If the steady-state gain of a system is 
positive, that is, an increase in the input variable causes the 
output variable to increase, the controller gain should be 
positive. This is known as direct action. In contrast, for a system 
with negative steady-state gain, the controller gain has to be 
negative. This is known as reverse action. 


Controller type is chosen based on the process. P-only 
control results in a steady-state offset, except for processes with 
a natural integrator, such as level control of a vessel or pressure 
control of a gas drum. PI control is probably the most widely 
used type of controller, because it eliminates any offset between 
the steady-state value of CV and the SP. But care must be taken 
as the response can become oscillatory due to an aggressive 
integral action. PID controllers are most suitable for processes 
with some delay in their response. However, the CV value 
should be relatively noise free for the derivative action to be 
used effectively without generating a noisy MV. Details are 
again available in standard textbooks on process control. 


To achieve the desired control performance with a PID 
controller, its parameters, Ke, Tr, and Tp, should be tuned. 
Controller tuning is a vast and complicated subject, and 
interested readers are again referred to any standard textbook 
on process control. The parameters can be tuned manually, but 
a trial-and-error method may not result in a satisfactory 
performance. For example, for a PID controller, there is a 
bound on the proportional gain, Ke, beyond which the process 
can become unstable. Therefore, various methods are available 
in dynamic simulators where approximate process 
model/information can be used for finding the appropriate 
tuning parameters. Two of these methods will be discussed 
here, mainly because these methods are easy to apply and are 
typically available in process simulators. The first method is 
based on the use of stability margins. The second method 
requires an approximate process model. The first method is 
based on determination of the ultimate controller gain (Keu) 
that brings the closed-loop process to the verge of instability. 
The corresponding period of sustained oscillation is known as 
the ultimate period of oscillation (P,,). For determining Keu, the 
proportional gain of the controller can be manually increased 
until the process reaches sustained oscillation in response to a 
step change in an input. Another popular method to determine 
Kecu and P,, is known as autotune variation (ATV). In this 
method, the controller is replaced by a relay that helps to 
determine Keu. Once the ultimate controller gain and ultimate 
period of oscillation are established, the controller tuning 


parameters are decided by following rules such as the Ziegler- 
Nichols stability margin controller tuning rule or the Tyreus- 
Luyben rule. In the second method, the control loop under 
consideration is opened, a step change in the input is 
introduced, and the transient response in the output is 
recorded. Then a simple process model, such as first-order, 
first-order plus time delay, or second-order plus time delay, is 
fitted to the process-response curve. Once the characteristic 
parameters of such models, such as time delay, process gain, 
time constant, and so forth, are extracted, there are various 
tuning rules, such as Cohen-Coon tuning rules or the Ziegler- 
Nichols tuning rule, that can be used. In summary, a stable 
dynamic simulation can usually be achieved by using an 
appropriate control structure and controller design even though 
the control system performance may not be satisfactory. 


Example 17.5 


Consider Example 17.3, where a mixture of CO, and 
methanol is separated in a jacketed flash vessel. The inlet 
temperature of the heating medium is 90°C, and its 
specific heat is similar to that of water. There is no phase 
change of the heating medium in the jacket. The heat 
transfer option in the dynamic simulation is “LMTD,” 
and the heating-medium flowrate is manipulated to 
maintain the vessel outlet temperature at 70°C, as shown 
in Figure E17.5(a). Figure E17.5(a) also shows that the 
flow dynamics of the heating medium are neglected, 
assuming perfect control. So there are four controllers: 
FC-1101, PC-1101, LC-1101, and TC-1101. Tune these 
controllers by using both methods mentioned before (i.e., 
by using stability margins and by using an approximate 
process model) and by applying the various rules 
discussed previously. Then decrease the feed flow to 50 
kmol/h in a single step. Show the differences in the 
transient response of the outlet temperature with the 
controllers being tuned by different rules. 
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Figure E17.5(a) Configuration of the Jacketed Flash 
Vessel for Separating CO» and Methanol Where the 
Vessel Outlet Temperature Is Being Controlled by 
Manipulating the Flowrate of the Heating Fluid 


Solution 


As in previous problems, the problem is set up in Aspen 
Engineering Suite (AES) using Aspen Plus V9.0 and 
Aspen Plus Dynamics V9.0. The flow, pressure, and level 
controllers are considered to be PI controllers, and the 
temperature controller is considered to be a PID 
controller. As seen later, the time delay of the 
temperature loop is small; thus the derivative action can 
be neglected. In Aspen Plus Dynamics V9.0, both 
methods for controller tuning are available under the 
“Tune” tab of individual controllers. For the first method 
that uses stability margin, the test method “Closed Loop 
(CL) ATV” is selected. The relay amplitude is specified to 
be 5% of the output range. At the end of this test, Keu and 
P,, are calculated automatically. Then, under the “Tuning 
parameters” tab, the tuning parameters are calculated 
based on these values of Keu and P, and choice of tuning 
rule. Ziegler-Nichols (Z-N) and Tyreus-Luyben (T-L) 
tuning rules are used to obtain the tuning parameters 
shown in Table E17.5. For the second method that uses 
an approximate process model, the test method “open 
loop” (OL) is selected. A step up by 5% of the output 
range is selected to be the test specification. At the end of 
this test, Aspen Plus Dynamics automatically identifies 
the characteristic parameters, that is, open-loop gain, 
time constant, and time delay of a first-order-plus-time- 
delay process. Then, under the “Tuning parameters” tab, 
the tuning parameters are calculated based on the values 
of these characteristic parameters and choice of tuning 
rule. Ziegler-Nichols, Cohen-Coon (C-C), IMC, IAE, ISE, 
and ITAE tuning rules are used to obtain the tuning 
parameters shown in Table E17.5. 


Table E17.5 Tuning Parameters Applying the 
Two Methods and Various Tuning Rules 


Method Tuning FC-1101 PC-1101 LC-1101 
rue Ke r(min) Ke (%l%) K Ko (%l%)  1,(min) Ke (%/%) 
(%I%) (min) 

CL 
ATV Z-N 1.71 0.09 50.61 0.11 306.34 0.09 1723.12 
CL 
ATV T-L 1.17 0.25 34.79 0.29 210.61 0.25 915.41 
OL C-C 46.18 0.01 401.88 0.01 134.44 0.13 3151.22 
OL Z-N 31.25 0.01 401.56 0.01 134.36 0.13 2838.31 


OL IMC 3.67 0.09 12.56 0.45 
OL IAE 15.22 0.01 410.63 0.03 
OL ISE 22.73 0.01 478.67 0.03 
OL ITAE 21.26 0.01 343.38 0.03 


3.00 


136.75 


157.98 


114.01 


6.48 


0.29 


0.30 


0.30 


16.74 


2342.62 


2731.63 


2502.84 


For the IMC method, the tuning parameter, À, is 
considered to be 0.3 times the process time constant. 
Table E17.5 shows that the tuning parameters calculated 
by the rules under the “closed-loop ATV” method are 
similar. On the other hand, all the rules for the “open- 
loop” method calculate similar tuning parameters except 
the IMC method. Also, note that the gain values 
calculated by all the rules under the “open-loop” method 
are much larger. As the feed flow is step decreased to 50 
kmol/h, the differences in the transient response in the 
outlet temperature due to various tuning rules are shown 
in Figures E17.5(b) and E17.5(c), respectively. In Figure 
E17.5(b), the transient responses for all the tuning rules 
except the IMC rule are shown. Figure E17.5(b) shows 
that the performance of all the control loops is 
satisfactory. However, Figure E17.5(c) shows that the 
deviation is comparatively large when the IMC rule is 
used. It should be noted that the flash vessel is the only 
unit operation considered in this example. In case of 
other unit operations being present in the same process, 
significant interactions may take place and many of the 
controller gains calculated by the various rules under the 
“open-loop” method may have to be decreased 
(“detuned”). 
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Figure E17.5(b) Transient Response of the Outlet 
Temperature Using Various Tuning Rules Except the 
IMC-Based Rule 
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Figure E17.5(c) Transient Response of the Outlet 
Temperature Using Various Tuning Rules Including 
the IMC-Based Rule 


Example 17.6 demonstrates that a dynamic simulation can 
be used to study important changes in the transient response 
that may occur in the course of plant operations. Such studies 
can help to avoid potentially unsafe plant operations. 


Example 17.6 


Figure E17.6(a) shows the schematic of a cooled tubular 
reactor in which maleic anhydride is being produced by 
oxidizing benzene [15]. This problem is similar to the 
problem in Appendix B.5. However, there are some 
differences in the problem specification in this example 
compared to that in Appendix B.5. Ignoring the quinine 
formation reaction in Appendix B.5, the following 
reactions are considered: 
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Figure E17.6(a) Configuration of the Cooled Tubular 
Reactor for Producing Maleic Anhydride from Benzene 


Cs H; + 4.502 > C4 H203 + 2CO,2 + 2H2O 
Cs Hs + 7.502 > 6CO2 + 3H2O 
C4.H2O3 + 302 — 4C0O + H2O 


These reactions are carried out using excess air to avoid 


runaway reactions. As a result, the reactions can be 
considered as pseudo-first-order reactions. The reaction 
rates can be written as [15] 


—12,660 m? 
kı = 4280exp | T(K) | kg cat s 
k2 = 70,100exp [Fe] ga s 
—10,800 m? 
kz = 26exp | T(K) | kg cat s 


Since these reactions are highly exothermic, a molten, 
eutectic salt is circulated in a multitube reactor to 
maintain the desired temperature. For simplicity, it can 
be assumed that an excess amount of steam is used to 
cool the reactor such that the change in the steam 
temperature during steady-state operation is not 
significant. This results in a nearly isothermal operation 
of the reactor. The reactor size is the same as 
recommended in the work of Westerink and Westerterp 
[15]. This gives the length and diameter of a single tube 
to be 12.8 m and 0.028 m, respectively. The pressure 
drop across the reactor on both the process and cooling- 
medium sides can be considered negligible. Catalyst 
density is 900 kg/m?. Assume SS302 (stainless steel type 
302) to be the material of construction. Heat loss to the 
ambient can be assumed to be negligible. 


1. Develop a dynamic simulation of this cooled tubular reactor 
assuming that the dimensions of the reactor are that of a single 
tube. Implement the controllers as shown in Figure E17.6(a). 
Assume the overall heat transfer coefficient (U) to be 25 W/ m °C, 
Then increase the flowrate of benzene to 0.0033 kmol/h while 
keeping the flowrate of air constant. Show the transient response 
of the temperature and the benzene and CO, concentrations at the 
exit of the reactor. 

2. Now assume that the overall heat transfer coefficient (U) changes 
to 2 W/m °C due to fouling. Again, increase the flowrate of 
benzene to 0.0033 kmol/h, keeping the air flowrate constant as 
before. Compare the results with those obtained previously. 


Solution 


1. The simulation is set up in Dynsim 4.5.3 using the SRK EOS. In 
Dynsim, three “sink” blocks are used for the sources of air, 
benzene, and steam, respectively, and kinetic reactions can be 
simulated in a number of blocks; however, because of the 
presence of the cooling jacket and the catalyst in the reactor, a 
PFR block is chosen. The thickness of the reactor wall is calculated 
as in Example E17.3, considering SS302 as the material of 
construction. For specifying the pressure drop of a stream in a 
block, Dynsim provides the option to provide the flow 
conductance. The flow conductances of the flow and reaction 
passes of the PFR are provided as 150 kg/s/(kPa kg/ m°)°°. Three 
“reaction data sets” are created for modeling the kinetics of the 
reactions. The “reaction data sets” can be created in Dynsim 4.5.3 
by clicking “RDS” under the “Process Equipment” tab of the “Icon 
Palette.” These data sets are then associated with a reaction set. 
The reaction set block is known as “RD” in Dynsim and is 
available under the “Process Equipment” tab of the “Icon Palette.” 


This reaction set is then enabled under the “Reactions” tab of the 
PFR. Three “PID” blocks available under the “Controls” tab of the 
“Icon Palette” are used for the controllers FC-1102, FC-1103, YC- 
1101, and FC-1104, respectively. Keeping the set point of FC-1102 
constant, CV-1105 is manually opened to achieve a step change in 
the flowrate of the benzene feed. Figure E17.6(b) shows that the 
change in the temperature is negligible at the reactor outlet. The 
corresponding concentrations of benzene and CO, at the reactor 
outlet are shown in Figures E17.6(c)(a) and E17.6(c)(b), 
respectively. The benzene concentration increases at the reactor 
outlet while the change in the CO, concentration is negligible. 
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Figure E17.6(b) Transients in Reactor Outlet 
Temperature with Different Overall Heat Transfer 
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Figure E17.6(c) Concentration at the Reactor 
Outlet with Different Overall Heat Transfer 
Coefficients When the Benzene Concentration in 
the Feed Is Changed: (a) Benzene Concentration; 
(b) CO, Concentration 


2. The overall heat transfer coefficient is now changed to 2 W/ m®”C. 
After making changes in an existing Dynsim simulation, the “LF” 
button must be clicked to load the simulation again. The 
simulation freezes at this point, and it can be restarted again. 
Once again, the previous steady-state snapshot is loaded by 
clicking the “IC” button and then selecting and loading the 
appropriate “IC” (initial condition) file. Due to the changed overall 
heat transfer coefficient, the exit temperature and composition 
will be different from before. The simulation is run for about 10 
minutes, so that the process reaches its new steady state. It is 
noted in Figures E17.6(b) and E17.6(c)(a) that these initial 


conditions are different from before. Now, as before, the set point 
of FC-1102 remains constant, and CV-1105 is manually opened to 
achieve a step change in the flow of benzene feed. The transient 
responses of the temperature and the benzene and CO, 
concentration are plotted in Figures E17.6(b), E17.6(c)(a), and 
E17.6(c)(b), respectively. Figure E17.6(b) shows that a 
temperature runaway has taken place. Figure E17.6(c)(a) shows 
that the benzene is almost entirely consumed due to Reaction 2, as 
reflected by a large increase in CO, shown in Figure E17.6(c)(b). 
In this process, Reaction 1 is dominant at lower temperatures 
while Reaction 2 is dominant at higher temperatures, causing a 
runaway oxidation reaction due to the presence of a large amount 
of excess air. According to the work of Westerink and Westerterp 
[15], a dimensionless group that is representative of the ratio 
between the heat withdrawal rate and the maximum heat 
generation rate must be larger than a desired value to avoid 
unsafe conditions for this reactor. As the feed rate is increased, 
the rate of heat generation becomes higher. However, when the 
overall heat transfer coefficient is 2 W/m*°C, the heat removal 
rate is lower than the heat generation rate. Thus, the reactor 
temperature keeps increasing gradually, followed by a sharp rise 
in the temperature due to the fast oxidation reaction. 


17.5 SUMMARY 


Dynamic simulations can provide information about the 
transient trajectory of a process that can be effectively used for a 
number of applications. In this chapter, various steps required 
for setting up dynamic simulations in a process simulator were 
discussed. Necessary data and specifications required for 
simulating realistic transient responses were covered. 
Troubleshooting stability issues and convergence failures of 
dynamic simulations are difficult and complicated. To this end, 
a number of issues were discussed with respect to both problem 
setup as well as choice of algorithms. A brief demonstration of 
process control shows how the performance of the control 
system varies based on the controller tuning parameters. Last, it 
should be noted, for a robust dynamic simulation such that it 
does not fail to converge in the face of a wide range of 
disturbances of varying magnitudes, all three components—the 
problem setup and its specification, the control system design, 
and the solver algorithms—must be carefully addressed. 


WHAT YOU SHOULD HAVE LEARNED 


e The steps required for developing a stable dynamic simulation 
starting with a steady-state simulation involve 


e Topological changes in the steady-state simulation 
e Design of the equipment size and geometry 

e Additional dynamic specifications 

e Control systems design 

e Choice of appropriate solver algorithms 


e Dynamic specifications should be carefully chosen from the options 
available in a simulator to avoid unrealistic transient responses. 


e An implicit adaptive method of order between 2 and 4 is usually a 


very good choice for the integrator algorithm. 


e A number of methods are available for calculating controller tuning 
parameters. However, the control system performance can vary 
widely based on the method chosen. 
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SHORT ANSWER QUESTIONS 


1. What information about a process can be obtained from a 
dynamic simulation that is not possible to obtain from a 
steady-state simulation? 


2. For obtaining a valid pressure-flow network, why should the 
pressure nodes be connected through flow devices? 


3. Two flash vessels have the same length (L) but different 
diameters (D). Both vessels contain the same material and 
have the same operating pressure and temperature. In both 
vessels, the liquid level is being maintained at 50% by 
manipulating a control valve at the bottom of the flash 
vessel. If both vessels are horizontal, at the inlet of which 
control valve will you expect the higher pressure? Why? 
What happens if the vessels are vertical? 


4. In a process, it is desired to manipulate the refrigerant 
flowrate to a cooler to maintain the cooler outlet 
temperature. What heat transfer option would you choose 
for developing a dynamic model of this cooler? 


5. In a cooler, cooling water is being used to cool a process 
stream. It is desired to maintain the proces stream outlet 
temperature. What will be the CV and MV of the controller? 
Due to the water quality, it is suggested that the cooling 
water outlet temperature should not exceed 45°C. What type 
of controller should be designed and how will it be ensured 
that the constraint on cooling water temperature is not 
violated? 


6. In a reactor, it is known that a fast reaction takes place in 
the initial region combined with a slower reaction that 
occurs over the entire length of the reactor. What will be a 
computationally efficient way of modeling this reactor? 
(Hint: A single reactor or a combination of reactors?) For 
solving this problem, which integrator algorithm would you 
choose? Why? 


7. When the fuel flow to a furnace is varied, in response the 
furnace outlet temperature changes after some time. The 
outlet temperature signal is noisy. Would you use a PID 
controller for this process? If yes, explain what other issues 
should be addressed and how. 


PROBLEMS 


8. Consider Example 17.5, where a mixture of CO, and 
methanol is being separated in a jacketed flash vessel. The 
heat content in the bottom product from the flash vessel is 
now recovered in heat exchanger E-1103, as shown in Figure 
P17.8. Note the difference in the inlet feed pressure 
compared to Example 17.5, which is included to take care of 
the pressure drop in the exchanger, E-1103. Also note the 
changed location of the control valve, CV-1103, used for level 
control of V-1102. The remainder of the specifications are 
the same as in Example 17.5. For this problem do the 


following: 
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Figure P17.8 Configuration of the Jacketed Flash Vessel for 
Separating COs and Methanol with a Bottom/Feed Heat 
Exchanger 


1. Develop a “rigorous” design of the heat exchanger, E-1103, considering a 
maximum pressure drop of 0.1 bar in the shell and tube sides and a 
minimum temperature approach of 15°C. 

2. Tune the four controllers, FC-1101, TC-1101, PC-1101, and LC-1101, by 
using both of the methods mentioned in Chapter 17 (i.e., by using stability 
margins and by using an approximate process model) and applying 
various rules similar to those used in Example 17.5. Did the tuning 
parametesrs differ from the ones in Example 17.5? If they did differ, 
explain why. 

3. Step decrease the feed flow to 40 kmol/h. Show the differences in the 
transient response in the level controller with the controllers being tuned 
by different rules. 

4. Use the tuning parameters for which you obtained the “best” performance 
in Part (c). The process is again at set at steady state with 100 kmol/h feed 
flowrate. Keep increasing the proportional gain of the level controller, LC- 
1101, each time by 30% up to 150% of the original gain. For each value of 
the proportional gain, step decrease the feed flow from 100 kmol/h to 40 
kmol/h. Even though the tuning of the temperature controller, TC-1101, 
was not altered, did you notice any change in its performance? Why does 
this happen? Take corrective action such that the performance of the TC 
is similar to what it was before. 


g. Consider Example 17.4, in which methanol is produced in a 
PFR. After being cooled, the reactor effluent is now sent to a 
flash vessel, V-1103, as shown in Figure P17.9. The overhead 
gas stream from V-1103 is sent to a compressor where it is 
compressed to 15 bar. The bottom liquid is pumped by P- 
1101. The control valve, CV-1105, is used for maintaining the 
level of V-1103. The material of construction is carbon steel 
for all equipment. Assume the compressor to be isentropic 
with 80% efficiency. The efficiency of P-1101 is also 80%. 
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Figure P17.9 Configuration of a Section for Producing 
Methanol from Syngas 


1. Develop a steady-state model of the process. 

2. Develop a dynamic model. Size the required equipment following the 
heuristics provided in Chapter 11. Consider the metal mass of V-1103. 
Heat loss to the environment can be assumed to be negligible. Tune the 
controllers FC-1102, LC-1102, and PC-1102 one at a time. Now step 
decrease the syngas flow to 60 kmol/h. As you have tuned the controllers 
one at a time, does it perform satisfactorily when the controllers interact 
with each other? If not, what changes should you make to achieve 
satisfactory performance in case of loop interactions? 

3. Now double the proportional gain of PC-1102. What happens to the 
performance of LC-1102? Why? Retune LC-1102 to achieve satisfactory 
performance. 


10. Figure P17.10 shows a simplified configuration of a steam 
generation system. In combustor R-1102, the following 
reaction takes place: 
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Figure P17.10 Configuration of a Simplified Steam 
Generation System 


CH, + 202, — CO, + 2H2O 


Complete conversion of the fuel gas in R-1102 can be 
assumed. Flue gas from the combustor goes to the 
superheater, E-1104, followed by the steam generator, E- 
1105. Finally, the flue gas flows through the economizer, E- 
1006, before going to the stack. The bfw flows through E- 
1006 before reaching the steam drum, V-1104. A portion of 


the bottom steam from the steam drum goes to the 
blowdown. The other portion goes to pump P-1102 and then 
to E-1105. The differential pressure across P-1102 should be 
equal to the pressure drop across CV-1110 and E-1105. The 
exit stream from E-1105 returns to V-1104. The pressure 
drop in V-1104 can be neglected. The generated steam gets 
superheated in E-1104 before leaving the unit. The degree of 
superheat in E-1104 is 100°C. Assume Stream 19 is 99% 
vapor. V-1104 may be considered to be adiabatic. 


1. First, develop a steady-state model of this process. Simulate E-1104, E- 
1105, and E-1106 as “rigorous” heat exchangers. (Note that the pressure 
drop across the heat exchangers is not provided in the problem statement 
since it should be determined by the detailed design of these exchangers.) 
Implement two design specifications. The first design specification 
manipulates the flow of bfw, Stream 10, to ensure that the temperature of 
Stream 8 is 150°C to avoid “cold-end” corrosion. The other design 
specification manipulates the flowrate of the circulating water, Stream 16, 
so that the flowrate of the blowdown stream, Stream 14, is 1% of the bfw 
feed, Stream 10. (Note: Because of the recycle loop, the design 
specifications, and the rigorous heat exchangers and due to the strong 
interaction between the design specifications, the steady-state simulation 
is difficult to converge unless appropriate convergence options are 
chosen. Refer to Section 16.3 for a discussion and approaches to solving 
such problems.) 

2. Develop a dynamic model of this system. For E-1104, E-1105, and E-1106, 
provide the shell-side and tube-side volumes and the metal mass of each 
side. Heat loss to the environment for all equipment can be neglected. 
Size V-1104 following the heuristics in Chapter 11. Figure P17.10 shows 
that the air flowrate to R-1102 is regulated by a ratio controller, XC-1101, 
that maintains the molar ratio between fuel and air at the steady-state 
value. LC-1103 is cascaded with FC-1105 to maintain the level of V-1104. 
Information on cascaded loops and ratio controllers is available in 
Chapter 18. Tune the controllers with various methods and rules and 
compare their performance by simulating a 20% step increase in the fuel 
flowrate. Performance of all the controllers should be considered, 
especially that of LC-1103 and PC-1103. 

3. Compare the performance of various integrator algorithms for this 
problem. 

4. In Part (b), the performance of all the controllers has been considered for 
a 20% step increase in the fuel flowrate. Now consider simultaneously a 
20% step decrease in the fuel flowrate as well as a step increase to the set 
point of PC-1103 by 0.5 bar. Did the same set(s) of controller tuning 
parameters that performed satisfactorily before again perform 
satisfactorily? If not, why? If the tuning parameters need to be changed, 
ensure that you are satisfied with the performance of the control system 
for both Part (b) of this problem and the current problem. 


11. Consider Problem 17.10. Show the effect of the metal mass 
on the temperature transients during shutdown. To show 
this, ramp down the fuel flowrate to 20% of its steady-state 
value in 4 h and then completely close the fuel control valve, 
CV-1106. The air continues to flow with the flowrate being 
the same as when the fuel flowrate was 20%. Show the 
temperature transients of Streams 6 and 7. Now increase the 
metal mass of E-1104 and E-1105 by 50%. Carry out the 
same test again. Compare the temperature transients with 
what you obtained before. 


12. Figure P17.12 shows the surge control loop of a compressor. 
The condensate in the feed and recycle stream is drained 
from V-1105. Then the feed gas is compressed to 25 bar ina 
compressor and sent to a knockout drum, V-1106. The 
condensate-free gas from the top of V-1106 is split into two 
portions. One portion goes out as product while the other 
portion is recycled to the compressor suction to prevent 
surge. 
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Figure P17.12 Surge Control Loop of a Compressor 


1. Develop a steady-state model of this system. The suggested thermo- 
package is PR EOS. The isentropic efficiency of C-1102 is 80%. At steady 
state, there is no recycle flow; that is, flow of Stream 11 is zero. 

2. Develop a dynamic model of this system. Heat loss to the environment for 
all equipment can be neglected. Size V-1105 and V-1106 following the 
heuristics in Chapter 11. In Figure P17.12, FC-1108 is the anti-surge 
controller. Compressor surge control algorithms, in general, can be very 
involved. For simplicity, it can be assumed that if the molar flowrate of 
Stream 5 can be maintained within 90% of its steady-state value, a surge 
can be prevented. Therefore, in case of a disturbance, FC-1108 should be 
able to maintain the flow of Stream 5 within 90% of its set point. When 
sizing CV-1114, it should be ensured that it can maintain the required flow 
of Stream 5 even if the flowrate of Stream 1 becomes zero. Determine the 
“best” set of tuning parameters that provides satisfactory performance 
when VLY-1105 is completely closed. To reiterate the control performance 
requirement, the flow of Stream 5 should be maintained within 90% of its 
steady-state value with no or negligible oscillation. This constraint should 
be satisfied along with satisfactory performance of PC-1104, PC-1105, and 
LC-1105. 

3. In Part (b), if performance of any or some of these controllers is not 
satisfactory, what would you suggest for improvement? You may suggest 
hardware modification(s). 

4. For this system, it is known that the pressure of Stream 1 may increase up 
to 3.2 bar under certain circumstances. To check the performance of the 
control system for this disturbance, again consider that the process is at 
steady state with the flow of Stream 1 being at 100 kmol/h. Now increase 
the pressure of Stream 1 from 3 bar to 3.2 bar. Do you get satisfactory 
performance with the previous tuning parameters, especially for LC-1105 
and PC-1105? If not, why? 

5. What would be your suggested overall improvement in the process design, 
including control system improvement and hardware modification, so 
that the control system performance is satisfactory for the disturbance 
considered in Part (b) and in this problem? Implement your suggestions 
and compare the performance of the control system with the performance 
that you obtained before. 


13. 


14. 


Consider Figure E17.6(a), in which the overall heat transfer 
coefficient (U) is assumed to be 25 W/m*°C. It can be noted 
that in Figures E17.6(b) and E17.6(c)(b), the transients in 
exit temperature and CO, concentration appear to be 
negligible. Now increase the flowrate of benzene to 0.01 
kmol/h, while keeping the flowrate of air constant. 
Simultaneously increase the temperature of air to 520°C. 
Did you notice any difference in the transient profile of 
temperature and benzene and CO, concentration at the exit 
of the reactor compared to what is obtained in Example 
17.6? Why or why not? 


Consider Problem 17.13. Now consider the overall heat 
transfer coefficient (U) to be 100 W/m*°C, as suggested in 
Appendix B.5. Simulate the same changes as before. Did you 
notice any difference in the transient profiles in comparison 
to what you obtained before? Why or why not? 


Chapter 18: Regulation and Control of 
Chemical Processes with Applications 
Using Commercial Software 


WHAT YOU WILL LEARN 


The basic methods used to control chemical processes 


How to regulate chemical processes 

What some typical control strategies for processes are 
What some typical regulation strategies for processes are 
What digital logic is and what its main components are 


What the benefits are of an operator training simulator (OTS) 


Over the life of a plant, it is important for operating conditions 
to be regulated in order to obtain stable operations and to 
produce quality products efficiently and economically. In this 
chapter, regulation is considered; a subset of this is process 
control. Regulation establishes the strategy by which the 
process can be controlled. Regulation also involves the dynamic 
response (transient behavior) of the process to changes in 
operating variables. The latter will not be considered here as it 
is covered in the typical undergraduate process control course. 

The regulation of process operations involves an 
understanding of two facts: 


In most situations, processes are regulated, either 
directly or indirectly, by the manipulation of the 
flowrates of utility and process streams. 


Changes in flowrates are achieved by opening or 


closing valves. 


In order to decouple the effects of changes in process units, 
adjustments are most often made to the flow of the utility 
streams. Utility streams are generally supplied via large pipes 
called headers. Changes in flowrates from these headers have 
little effect on the other utility flows, and hence, they can be 
changed independently of each other. The one notable 
exception to this concept is when the flowrate of a process 
stream is to be controlled. In this case, the process stream 
clearly must be controlled or regulated directly by a valve placed 
in the process line. 

In this chapter, it is assumed that utility streams are 
available in unlimited amounts at discrete temperatures and 
pressures. This is consistent with normal plant operations, and 
a typical (although not exhaustive) list of utilities is given in 


Table 8.3. 

This chapter looks at several aspects of regulation that are 
important for the successful control of processes. The following 
topics are covered: 


The characteristics of regulating valves 

The regulation of flowrates and pressures 

The measurement of process variables 

Some common control strategies 

Exchange of heat and work between process streams and 
utility streams 

Case studies of a reactor and a distillation column 


Before looking at these topics, however, a simple regulation 
problem from the overhead section of a distillation column is 
presented. 


18.1 A SIMPLE REGULATION PROBLEM 


Consider the flow of liquid from an overhead condenser on a 
distillation column to a reflux drum, as illustrated in Figure 
18.1(a). This is a section of the process flow diagram for the 
DME process shown in Appendix B.1. The liquid condensate 
flows from the heat exchanger, E-205, to the reflux drum, V- 
201. From the drum, the liquid flows to a pump, P-202, from 
which a portion (Stream 16) is returned to the distillation 
column, T-201, and the remainder (Stream 10) is sent to 
product storage. Assume that the amount returned to the 
column as reflux is set by a control valve, shown in the diagram. 
The amount of reflux is fixed in order to maintain the correct 
internal flows in the column and hence the product purity. 
Consider what happens if there is an upset and there is an 
increase in the amount of liquid being sent to the reflux drum. If 
no additional control strategy is employed, then the level of 
liquid in the reflux drum will start to increase, and at some 
point the drum may flood, causing liquid to back up into the 
overhead condenser and causing the condenser to malfunction. 
Clearly, this is an undesirable situation. The question is: How is 
the situation controlled? The answer is illustrated in Figure 
18.1(b). A control valve is placed in the product line, and a level 
indicator and controller are placed on the reflux drum. As the 
level in the drum starts to increase, a signal is sent from the 
controller to open the control valve. This allows more flow 
through the valve and causes the level in the drum to drop. 
Although this may seem like a simple example, it illustrates an 
important principle of process control, namely, that a major 
objective of any control scheme is to maintain a steady-state 
material balance. 
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Figure 18.1 Basic Material Balance Control for DME 
Overhead Product 


When controlling a process, it is imperative to ensure 
that the steady-state material balance is maintained, 


that is, to avoid the accumulation (positive or negative) 
of material in the process. 


In the following sections, the role and functions of valves in 
the control of processes and the types of control strategies 
commonly found in chemical processes will be investigated. 


18.2 THE CHARACTERISTICS OF 
REGULATING VALVES 


Figure 18.2(a) is a crude representation of a regulating or 
control valve. Fluid enters on the left of the valve. It flows under 
the valve seat, where it changes direction and flows upward 
between the valve seat and the disk. It again changes direction 
and leaves the valve on the right. The disk is connected to a 
valve stem that can be adjusted (in the vertical direction) by 
turning the valve handle. The position of the disk is given on the 
linear scale. The enlarged section shows the critical region 
involving the disk and the valve seat. The liquid flows through 
the annular space between the disk and the seat. As the disk is 
lowered, the area of this annulus decreases. The relationship 


between flowrate and valve position depends upon the shape of 
both the valve disk and the valve seat. It should be noted that 
the direction of flow through the valve could also be from the 
right to the left. In this case, the flow of the fluid pushes down 
on the disk and pushes it toward the seat. This configuration is 
preferred if the fluid is at a relatively high pressure or there is a 
large pressure drop across the valve. 
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Figure 18.2 Characteristics of Regulating Valves 


Figure 18.2(b) shows the pressure drop versus flowrate 
characteristics of regulating valves. To make a specific change in 
pressure drop across the valve, the valve must be opened or 
closed, as appropriate. In order to evaluate the desired valve 
position, it is necessary to know the performance diagram or 
characteristic for the valve. 

Figure 18.3 is a mechanical drawing of the cross section of a 
globe valve. Globe valves are often used for regulation purposes. 
There are two general valve types used for regulation: 


Handwheel 


Stem 


Packing nut 


Figure 18.3 Cross Section of a Globe Valve (From McCabe, 
W. L. et al., Unit Operations of Chemical Engineering, 5th ed. 
(New York: McGraw-Hill, 1993), copyright © 1993 by 
McGraw-Hill Companies, reproduced with permission of the 


McGraw-Hill Companies) 


Linear Valves. In a linear valve, the flowrate is 
proportional to the valve position. This is given by the 
relationship 7, = kz, where 7 is the volumetric flow and z is the 
vertical position of the disk or valve stem. 


Constant or Equal Percentage Valves. For an equal 
percentage valve, an equal change in the valve position 
causes an equal percentage change in flowrate. The valve 
equation for the constant percentage valve is given by 
b/tmar = K (2/2maz—1) , Note that a true constant percentage 
valve does not completely stop the flow. However, in reality, the 
valve does stop the flow when fully closed, and the constant 
percentage characteristic does not apply to very low flowrates, 
as indicated by the dashed lines at the lower end of the curves in 
Figure 18.2(b). 

Both of these valve characteristics are described by the 
equations shown on Figure 18.2(b). Note that these equations 
strictly apply only for a constant pressure drop across the 
regulating valve. Example 18.1 illustrates the effect of using 
different valves. 


Example 18.1 


A valve on a coolant stream to a heat exchanger is 
operating with the valve stem position at 50% of full 
scale. You are asked to find what the maximum flowrate 
would be if the valve were opened all of the way (at the 
same pressure drop). What is an appropriate response 
given the information in Figure 18.2(b)? 

The flow would increase by 100% or more. The exact 
increase depends upon the design of the valve. 

From Figure 18.2(b) it is seen that a linear valve 
(Curve 3 on Figure 18.2[b]) has the smallest increase, 
from ù/ùmar = 0.5t0 ù /Ùmar = 1 400% increase). 


For constant percent valve 1 (Curve 1), the increase is 
from 9 /Dmaz = 0.30 ù /Ùmar = 1.0 (233%), and for 
constant percent valve 2 (Curve 2), the increase is from 
0/Omax = 0.17 t0 6/Omaz = 1.0 (488%). The flow 
increases in the range of 100% to 488%. The problem of 
predicting the flow from the valve position is even more 
complex because there usually exists some form of 
hysteresis. Thus, the pressure drop over the valve 
changes not only with flowrate of fluid through the valve 
but also with the direction of change, that is, whether the 
flow was last increased or decreased. 


Most valves installed are constant percentage valves, and there 
is no generally accepted standard design. Such valves offer fast 
response at high flowrates and fine control at low flowrates. The 
prediction of the disk position needed to give the required 
flowrate would be difficult using the performance diagram in 
Figure 18.2. In practice, the flowrate is controlled by observing a 
measured flowrate while changing the valve stem position. The 
valve position continues to be adjusted until the desired 
flowrate is achieved. This approach forms the basis of the 
feedback control system used for many automatic flow 
control schemes and discussed further in Section 18.5. 

In practice, automatic control systems change valve 
positions to obtain a desired flowrate. The valve position is 
modified by installing a servomotor in place of the valve handle 
or by installing a pneumatic diaphragm on the valve stem. 


18.3 REGULATING FLOWRATES AND 
PRESSURES 


The rate equation describing the flowrate of a stream is given by 


Driving force for flow 
=e 18.1 
Flowrate Resistance to flow ( ) 


The driving force for flow is proportional to AP (pressure head), 
and the resistance to flow is proportional to friction. The 
resistance to flow can be varied by opening or closing valves 
placed in the flow path. 


Figure 18.4 shows a pipe installed between a high-pressure 
header, containing a liquid, and a low-pressure header. The 
pressure difference, AP, between these two headers is the 
driving force for flow. Two valves are shown in the line, and 
when these valves are fully open, they offer little resistance to 
flow. The resistance in the transport line is due to frictional 
losses in the pipe. The flowrate is at a maximum value when the 
valves are fully open. When either valve in the line is fully 
closed, the resistance to flow is infinite, and the flowrate is zero. 
The valves may be adjusted to provide flows between these 
limits. 
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Figure 18.4 Pressure Profiles in a Pipe Containing Two 
Valves 


Plotted below the diagram in Figure 18.4 are pressure 
profiles for various valve settings. The pressure (in kPa) is 
plotted on the y-axis, and it is noted that for the example shown 
Pin = 200 kPa and Pout = 100 kPa. The x-axis indicates the 
relative location of the valves in the process. In addition, Figure 
18.4 includes a table that provides information on the flowrate, 
pressure drop due to pipe friction, and the pressure before valve 
CV-1. The resistance in the pipe is proportional to the square of 
the flowrate, which is the case for fully developed turbulent flow 
(see Chapter 19). 

Profile 1 (a—f) shows the pressure profile with both valves 
fully open. It gives the maximum flowrate, 100 kmol/h, possible 
for this system. Profile 2 (a—b—c—f) is for the case when CV-1 is 
fully closed and CV-2 is fully open. For this case, the flow is 
zero, and all the pressure drop occurs over CV-1. The pressure 
upstream of CV-1 is Pin (200 kPa), and the downstream 
pressure is Pout (100 kPa). Profile 3 (a—d—e—f) is the case when 
CV-2 is fully closed and CV-1 is fully open. The pressure 
upstream of CV-2 is Pin (200 kPa), the downstream pressure is 
also equal to Pin (200 kPa), and the flowrate is zero. 

For Profile 4 (a—g—h—f), valve CV-1 is partially open, 
providing a pressure drop of 45 kPa, and valve CV-2 is fully 
open. The pressure drop across CV-1 (AP,.;) can be varied by 
changing the valve position of CV-1. The greater the pressure 
drop across CV-1, the lower the pressure drop available to 
overcome friction and the lower the flowrate. In Profile 4, the 
flow is reduced to 74% of the maximum flow. 


For every setting of CV-1 (with CV-2 fully open), a unique 


value for pressure and flowrate is obtained. 


Either pressure or flowrate, but not both 


simultaneously, can be regulated by altering the setting 
of a single valve. 


Two valves are required to regulate simultaneously both the 
pressure and flowrate of a stream. The total system resistance 
(pipe and valves) determines the flowrate. The ratio of valve 
resistances establishes the pressure profile through the process. 
This is shown in Profile 5 (a—i-j-k—I—f), where 50% of the 
available pressure drop is taken over CV-1 and 31% is taken over 
CV-2. The resistance ratio for the two valves is 31/50 = 1.61, the 
flow is 44% of the maximum flow, and the pressure upstream of 
CV-1 is 194 kPa. To illustrate this concept further, consider 
Example 18.2. 


Example 18.2 


Consider the flow diagram in Figure 18.4. At design 
conditions, 70% of the total available pressure drop 
occurs across the two control valves, and the flowrate of 
fluid at these conditions is given as 100 [30/100]°”° = 
54.8 kmol/h. If a point “z” that is midway between the 
two valves is considered, over what range can the 


(Toe) 


pressure at point “z” be varied at the design flowrate? 


To solve this problem, two extreme cases are 
considered: (1) CV-1 regulates the flow and CV-2 is fully 
open, and (2) CV-2 regulates the flow and CV-1 is fully 
open. Both these situations are illustrated in Figure 
E18.2. From Figure E18.2, it can be seen that the 
pressure at point “z” may vary between 185 kPa (CV-1 
fully open) and 115 kPa (CV-2 fully open). Note that all 
possible combinations of partially open valves give 
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pressures at point “z” between these two limits. 


Inlet Header Pin CV-1 w-2 Output Header Pout 


200 


185 

180 t 
T All regulation 
a 
= 160 | with Cv-1 
> Range of pressure 
5 at point "z" 
4 140 
a 

120 

100 mo 


Location along Pipe 


Figure E18.2 Range of Pressure at Point “z” for 
Design Flow 


18.4 THE MEASUREMENT OF PROCESS 
VARIABLES 


The process variables that are most commonly measured and 
used to regulate process performance are as follows: 


e Temperature: Several instruments are available that provide 
continuous measurement of temperature—for example, 
thermocouples, thermometers, thermopiles, and resistance 
thermometric devices. 


e Pressure: A variety of sensors are available to measure the pressure 
of a process stream. Many sensors use the deflection of a diaphragm, 
in contact with the process fluid, to infer the pressure of the stream. 
In addition, the direct measurement of process pressure by gauges— 
for example, a Bourdon gauge—is still commonly used. 


e Flowrate: Fluid flowrates, until recently, were most often measured 
using an orifice or venturi to generate a differential pressure. This 
differential pressure measurement was then used to infer the 
flowrate. More recently, several other instruments have gained 
acceptance in the area of volumetric and mass flowrate measurement. 
These devices include vortex shedding, electromagnetic, ultrasonic, 
calorimetric, positive displacement, Coriolis, optical, and turbine 
flowmeters. 


e Liquid Level: Liquid levels are commonly used in the regulation of 
chemical processes. There are many types of level sensors available, 
and these vary from simple float-operated valves to more 
sophisticated load cells and optical devices. 


e Composition and Physical Properties: Many composition 
measurements are obtained indirectly. Physical properties such as 
temperature, viscosity, vapor pressure, electric conductivity, density, 
and refractive index are measured and used to infer the composition 
of a stream, in place of a direct measurement. A number of other 
measurement techniques have become commonplace for the on-line 
analysis of composition. These include gas chromatography and mass 
and infrared spectrometry. These instruments are very accurate but 
are expensive and often fail to provide the continuous measurements 
that are required for rapid regulation. 


18.5 COMMON CONTROL STRATEGIES 
USED IN CHEMICAL PROCESSES 


There are many strategies used to control process variables in 
an operating plant. For more details, see Anderson [1] and 
Shinskey [2]. In this section, feedback, feed-forward, cascade, 
ratio, and split-range systems are considered. 


18.5.1 Feedback Control and Regulation 


The process variable to be controlled is measured and compared 
with its desired value (set-point value). If the process variable is 
not at the set-point value, then appropriate control action is 
taken. 


Advantage. The cause of the change in the output variable 


need not be identified for corrective action to be taken. 
Corrections continue until the set-point value is achieved. 


Disadvantage. No action is taken until after an error has 
propagated through the process and the error in the process 
variable has been measured. If there are large process lag times, 
then significant control problems may occur. 

Example 18.3 illustrates the use of feedback control in a 
chemical process. 


Example 18.3 


Identify all the feedback control loops in the process flow 
diagram for the production of DME, in Appendix B, 
Figure B.1.1, and explain the control action of each. Note: 
There are other control valves on the utility streams, but 
these are shown only on the P&ID and not considered 
here. 

All the control loops associated with the control 
valves shown on the PFD exhibit feedback control 
strategies. These are shown individually in Figure E18.3. 
Each control action is explained below. 
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Figure E18.3 Feedback Control Loops on DME 
Flowsheet 


Figure E18.3(a): The objective of the controller is 
to control the flowrate of Stream 3, which is sent through 
two heat exchangers and then into reactor R-201. The 
flow sensed by the pressure cell (not shown) placed 
across the orifice in Stream 3 is used by the FIC to 
maintain the desired flow of Stream 3. However, because 
P-201 is a positive displacement pump, its flowrate 
should be maintained constant at the design flow. The 
discrepancy from the design flow gets reflected in the 
pump discharge pressure as shown by the pump curve in 
Figure 19.24. Therefore, the discharge pressure is 
maintainied by a control valve located on the bypass line. 

Figure E18.3(b): The flowrate of the bottoms 
product in both distillation columns is adjusted to 
maintain a constant level of liquid in the bottom of the 
tower. The control strategies for the bottoms of both T- 
201 and T-202 are identical. Assume that the level in the 
bottom of the column drops below its set point. A signal 
from the level sensor would be sent to close slightly the 
valve on the bottoms product stream. This would reduce 
the flow of bottoms product and result in an increase in 
liquid inventory at the bottom of the column, causing the 
liquid level to rise. If the liquid level was to increase 
above the set-point value, then the opposite control 
action would be initiated. 

Figure E18.3(c): The control strategy at the top of 
both columns (T-201 and T-202) is illustrated in Figure 
E18.3(c). The control action was explained previously in 
Example 18.1, where the reflux stream is held constant by 
a control valve and the liquid level in the reflux drum is 
held constant by adjusting the flow of the overhead 
product. 


It should be noted that at present there is no product quality 
(purity) control on either column. This is addressed under 
cascade control below. 


18.5.2 Feed-Forward Control and Regulation 


Process input variables are measured and used to provide the 
appropriate control action. 


Advantages. Changes in the output process variable are 
predicted, and adjustments are made before any deviation from 
the desired output takes place. This is useful, especially when 
there are large lag times in the process. 


Disadvantages. It is necessary to identify all factors likely 
to cause a change in the output variable and to describe the 
process by a model. The regulator must perform the 
calculations needed to predict the response of the output 
variable. The output variable being regulated is not used 
directly in the control algorithm. If the control algorithm is not 


accurate and/or the cause of the deviation is not identified, then 
the process output variable will not be at the desired value. The 
accuracy and effectiveness of the control scheme are directly 
linked to the accuracy of the model used to describe the process. 

Example 18.4 illustrates how feedback control, feed-forward 
control, or a combination of both can be used to control a 
process unit. 


Example 18.4 


Consider the process illustrated in Figure E18.4. The 
object is to cool, in a heat exchanger, a process stream 
(Stream 1) to a desired temperature (Stream 2) using 
cooling water supplied from a utility header. In Figure 
E18.4(a), a feedback control scheme is illustrated. The 
control strategy is to measure the temperature of the 
process stream leaving the heat exchanger (Stream 2) 
and to adjust the flow of cooling water to obtain the 
desired temperature. Thus, if the temperature of Stream 
2 were to be greater than the desired set-point value, 
then the control action would be to increase the flow of 
cooling water and vice versa. 
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Figure E18.4 Control Strategies for Cooling a Process 
Stream 


A feed-forward control scheme for this process is 
illustrated in Figure E18.4(b). Here, both the flowrate 
and temperature of the input process stream and the 
inlet cooling water temperature are measured. A 


calculation is then made that predicts the flowrate of 
cooling water needed to satisfy the energy balance and 
the exchanger performance equations as given in Chapter 
20. Using the subscripts c and p to refer to the cooling 
water and process streams, respectively, 


Q = MeCp,c (T, = Ta) (E18.4a) 
Q = Tnp Cpp (Tı = To) (E18.4b) 
_ (T-T,)—(T,—-Ta) 
Q=UA (1 -Tp) (E18.4c) 
(T2-Ta) 


From Equations (E18.4a) through (E18.4c), the variables 
can be categorized as unknown, measured, known, and 
specified according to Table E18.4. 


Table E18.4 Variables in Example 18.4 


Unknown Measured Known Specified 


: : CaCl A T. 
Q, me, Th Tp, Ta, Ti ‘P.C> “p,p 2 


Therefore, for a given value of the exit process 
temperature (T>), Equations (E18.4a), (E18.4b), and 
(E18.4c) can be solved to give the unknowns in the table. 
Thus, by measuring the inlet process stream flow and 
temperature and the inlet cooling water temperature, the 
model given by Equations (E18.4a) through (E18.4c) can 
be solved to yield the desired value of the cooling water 
flowrate. The valve on the cooling water inlet can then be 
adjusted to give this value. There are some assumptions 
associated with this model that will affect the 
performance of this control scheme. The first assumption 
is that both streams flow countercurrently, and hence the 
exchanger effectiveness factor, F, is assumed to be equal 
to 1. If the value of F is not close to unity, then the model 
given above will not be accurate. However, the model can 
be modified by including another equation to calculate F 
based on the process variables. A more restrictive 
assumption is that the overall heat transfer coefficient, U, 
has a constant value. In real processes, this is seldom the 
case, either because of flowrate changes or due to fouling 
of heat-exchange surfaces occurring throughout the life 
of the process. As the heat transfer surfaces foul or 
flowrates change, the value of U changes and the 
predictions of the above model will deviate increasingly 
from the true value of T2. This illustrates one of the 
major disadvantages of feed-forward control strategies, 
in that the efficacy of the control strategy is only as good 
as the predictions of the equations used to model the 
process. 


An alternative scheme to pure feed-forward control is 
to use a combination of feedback and feed-forward 
control strategies. This is illustrated in Figure E18.4(c) 
and discussed in Section 18.5.3. 


In feed-forward control, the process must be modeled 
using material and energy balances and the 
performance equations for the equipment. 


The effectiveness of feed-forward control is strongly 
influenced by the accuracy of the process model used. 


18.5.3 Combination Feedback and Feed-Forward Control 


By correctly combining these two control strategies, the 
advantages of both methods can be realized. The feed-forward 
strategy uses measured input variables to predict changes 
necessary to regulate the output. The feedback regulator then 
measures the regulated output variable and makes additional 
changes to ensure that the process output is at the set point. 


Advantages. The advantages of both feedback and feed- 
forward regulation are achieved. The feed-forward regulator 
makes the major corrections before any deviation in process 
output takes place. The feedback regulator ensures that the final 
set-point value is achieved. 


Disadvantages. The control algorithm and hardware to 
achieve this form of control are somewhat more complicated 
than either individual strategy. 


Example 18.5 considers the operation of the combination of 
feedback and feed-forward control. 


Example 18.5 


Returning to Example 18.4 and looking at the operation 
of the combined control strategy illustrated in Figure 
E18.4(c), it can be seen that this system is essentially a 
combination of Figures E18.4(a) and E18.4(b). Any error 
in the feed-forward controller is compensated by the 
feedback loop. Therefore the combined system will 
respond quickly to changes in process flowrate or inlet 
temperatures via the feed-forward control loop, while the 
feedback control loop will help to control exactly the 
process outlet temperature. 


18.5.4 Cascade Regulation 


The cascade system uses controllers connected in series. The 
first control element in the system measures a process variable 
and alters the set point of the next control loop. 


Advantages. This system reduces lags and allows finer 
control. 


Disadvantages. It is more complicated than single- 
loop designs. 


Example 18.6 illustrates cascade regulation. 


Example 18.6 


Consider the control of the top-product purity in 
distillation column T-201 in the DME process. As shown 
in Example 18.3, the material balance control is achieved 
by a flow controller on the reflux stream and a level 
controller on the top product stream. From previous 
operating experience, it has been found that the top- 
product purity can be measured accurately by monitoring 
the refractive index (RI) of the liquid product from the 
top of the column, Stream 10. Using a cascade control 
system, indicate how the control scheme at the top of T- 
201 should be modified to include the regulation of the 
top-product composition. 

The solution to the problem is illustrated in Figure 
E18.6. An additional control loop has been added to the 
top of the column that consists of a refractive index 
measuring element that sends a signal to the flow 
controller placed on the reflux stream (Stream 16). The 
purpose of this signal is to change the set point of the 
flow controller. Consider a situation where the purity of 
the top product has decreased below its desired value. 
This change may be due to a number of reasons; for 
example, the flowrate or purity of the feed to the column 
may have changed. However, the reason for the change is 
not important at this stage. The decrease in purity will be 
detected by the change in refractive index of the liquid 
product, Stream 10, and a signal will be sent from the RI 
sensor to increase the reflux flowrate of Stream 16. The 
flow of Stream 16 will increase, which will result in an 
improved separation in the column and an increase in 
purity of the top product. For an increase in product 
purity, the reverse control action will occur. 
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Figure E18.6 Cascade Control for DME Overhead 
Product Purity 


18.5.5 Ratio Control 


In a number of process systems, it is desired to maintain the 
ratio between two variables such as concentrations or flowrates. 
Ratio control has been applied to both reacting and nonreacting 
systems. Examples of reacting systems include the water-gas 
shift (WGS) reactors where the H,0/CO ratio is maintained at 
some optimum value, the Claus unit where a desired H,S/SO. 
ratio is maintained at the Claus reactor inlet, and combustors 
where a desired (C + H,)/Oz ratio is maintained to ensure very 
low levels of CO in the combustion product stream. Examples of 
nonreacting systems include slurry-fed systems where the ratio 
of the flowrate of the liquid to the flowrate of the solids must be 
maintained at some value to ensure the flowability of the slurry, 
steam atomization of burners where the steam-to-fuel flowrate 
is maintained for desired atomization, and systems where two 
streams are mixed to modify the physical properties of one of 
the streams such as its surface tension, viscosity, density, and so 
forth. 


Advantages. Ratio control is a special type of feed-forward 
control system in which a ratio is maintained to achieve a 
desired control objective. Therefore, this strategy has all the 
advantages of a feed-forward control system but without the 
need of a process model, which is a requirement for feed- 
forward control. 


Disadvantages. The main assumption used in ratio control 
is that the controlled ratio is the key variable, so that if it is 
maintained at a desired set point, the control objective will be 
satisfied. However, there may be other variables that play a 
significant role in a given operating region. For example, for a 
water-gas shift (WGS) reactor, the H,O/CO ratio might be 
maintained at the inlet to obtain a desired conversion of CO in 
the system. However, the actual conversion of CO depends upon 
many other variables such as residence time, catalyst activity, 
presence of other impurities, and so on. Thus, the actual control 
objective may not be satisfied by ratio control alone. The 
advantages and disadvantages of ratio controllers are 
investigated further in Example 18.7. 


Example 18.7 


Consider the first water-gas shift (WGS) reactor shown in 
Figure B.12.1. It is desired to maintain the H,O0/CO ratio 
at the inlet of the first WGS reactor at a given value. The 
flowrate of the steam, Stream 4, can be manipulated to 
achieve the desired ratio. However, the pressure of 
Stream 4 is known to vary. Develop two control 
configurations to control the H,O/CO ratio (Rsp). What 


are the advantages and disadvantages of each of the 
control configurations? 


Solution 


Figures E18.7(a) and E18.7(b) show two possible control 
strategies. In Figure E18.7(a), the flow of the syngas and 
its composition (CO and H,O) are measured. Then the 
desired flowrate of Stream 4 required to achieve the 
desired ratio is calculated. If the molar flowrate of 
Streams 3 is F, and the concentrations of CO, and H,O 
in Stream 3 are YCO, and YH, O° respectively, then the set 
point for the steam flow controller, Fsp, can be calculated 
to achieve Rsp, the desired H,0/CO ratio. 
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Figure E18.7(a) Ratio Control Strategy of a WGS 
Reactor System Where the Inlet Flowrate to the System 
is Measured 
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Figure E18.7(b) Ratio Control Strategy of a WGS 


Reactor System Where the Inlet Flowrate Is Not 
Measured 


Fsp = F3(ycoRsp — yuo) 


Since the steam pressure is known to vary, a cascade 
control strategy is considered so as to reject the 
disturbances in the steam flow due to the varying steam 
header pressure. The advantage of this ratio control 
strategy is that the desired flowrate of the steam can be 
exactly calculated. The disadvantage is that the flowrate 
and composition of the syngas has to be measured. 


In the second strategy, shown in Figure E18.7(b), the 
flow of the steam is again set by a flow indicator 
controller (FIC). However, in this case, the set point of 
the FIC is adjusted so as to maintain the desired H,0/CO 
measured at the reactor inlet. Therefore, in the control 
strategy shown in Figure E18.7(b), the composition (CO 
and H,O) at the inlet of the reactor is measured and the 
flowrate of the steam is manipulated by a feedback 
mechanism. The performance of this control strategy 
depends upon the tuning of the ratio controller as the 
exact set point Fsp cannot be calculated. 


18.5.6 Split-Range Control 


A split-range control strategy is used when a single manipulated 
variable (MV) is not sufficient to maintain the controlled 
variable (CV) at its set point. Split-range control can be used for 
both servo and regulatory controls. In the case of servo control, 
split-range control is used when the set point varies over a wide 
range such that it cannot be maintained with a single MV. A 
split-range control strategy is also used for regulatory control, 
where a single MV fails to reject the entire range of 
disturbances. Split-range control strategies vary based on how 
the control valves open and close in response to the split-range 
controller. For example, if there are two control valves, A and B, 
then the following strategies may be considered: 


Split-Range Strategy 1: At 0% output of the split-range 
controller, control valve A is 100% open and B is closed. As the 
split-range controller output increases from 0% to 100%, 
control valve A closes and control valve B opens. At 100% 
output of the split-range controller, control valve B is 100% 
open and A is fully closed. 


Split-Range Strategy 2: At 0% output of the split-range 
controller, control valve A is 100% open and B is closed. As the 
split-range controller output increases from 0% to x% (x < 100; 
the value of x is often chosen to be 50), control valve A closes 
whereas control valve B remains closed. At x% output of the 
controller, both control valves are completely closed. As the 
controller output increases from x% to 100%, control valve B 
opens and reaches 100% open at 100% of the controller output. 


During this time, control valve A remains closed. 


Split-Range Strategy 3: At 0% output of the split-range 
controller, both control valves are fully closed. As the controller 
output increases from 0% to x% (x < 100; the value of x is often 
50), control valve A opens and becomes fully open when the 
controller output reaches x%. On the other hand, during this 
time, control valve B remains closed. As the controller output 
increases from x% to 100%, control valve B opens and becomes 
100% open at 100% of the controller output. During this time, 
control valve A remains fully open. 


Advantages. A split-range controller is required to avoid 
input saturation or to achieve satisfactory control over a wide 
operating region. 


Disadvantages. Controller tuning can be very difficult as 
the process gain and transients for each of the inputs can be 
very different. 


Example 18.8 shows the use of a split-range controller for servo 
control using Split-Range Strategy 1. 


Example 18.8 


A tempered-water system is used for maintaining the 
temperature of a batch reactor. The set point for the 
tempered water varies between 45°C and 90°C. Feed 
water is available at 40°C, and steam is available at 
120°C. Develop a split-range control configuration to 
maintain the temperature of this tempered-water system. 

Figure E18.8 shows the split-range control 
configuration. When the set point is 45°C, the steam 
control valve is open a small amount. As the set point 
increases, the water control valve keeps closing while the 
steam control valve starts to open. When the set point is 
90°C, the steam control valve is fully open, while the 
water control valve will be at some minimum open value. 
In this example, a modified Split-Range Strategy 1 is 
being used. In this strategy, the water and steam valves 
are clamped so that a minimum flow of each stream will 
occur at the extreme limits of the controller to maintain 
the correct energy balance. 
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Figure E18.8 Temperature Control of a Tempered- 
Water System Using Split-Range Control 


Example 18.9 shows a split-range control strategy for regulatory 
control using Split-Range 
Strategy 2. 


Example 18.9 


Figure B.6.1 shows the process for ethylene oxide 
production. Noncondensable light gases are vented from 
V-701. The amount of this gas at steady-state design 
conditions is very low. During plant operation, it is 
known that the amount of noncondensable gas in V-701 
varies. Devise a split-range control strategy where the 
pressure of V-701 can be maintained at its steady-state 
design value even though the amount of noncondensable 
gas becomes negligible or higher than the design value. 


The split-range control strategy is shown in Figure 
E18.9, where Split-Range Strategy 2 is used. Under the 
design condition, light gases are vented from V-701; 
consequently, only the vent valve (in Stream 34) remains 
open. If the pressure keeps decreasing, then its set point, 
the split-range controller output, keeps decreasing. This 
causes the vent valve to close gradually, being fully closed 
at 50% of the controller output. If the pressure decreases 
further, the split-range controller output decreases 
further. As a result, the control valve for makeup gas 
starts opening and becomes fully open at 0% of the 
controller output. The vent and makeup control valves 
should be designed considering the extremes of the flow 
of noncondensable gases in the system. 
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Figure E18.9 Split-Range Pressure Control of the EO 
Column Reflux Drum in Ethylene Oxide Production 


These control strategies do not represent a comprehensive list 
of possibilities. The range of strategies is very large. This is due, 
in part, to the flexibility that software has added to the control 
field by allowing sophisticated process models to be used in 
simulating processes, as well as the use of more complicated 
control algorithms. 

No mention has been made of the types of controller 
(proportional, differential, integral, etc.) and strategies to tune 
these controllers. Such information is covered in traditional 
process control texts, such as Stephanopolous [3], Coughanowr 


[4], Smith and Corripio [5], Seborg et al. [6], and Marlin [7]. 


18.6 EXCHANGING HEAT AND WORK 
BETWEEN PROCESS AND UTILITY 
STREAMS 


In order to obtain the correct temperatures and pressures for 
process streams, it is often necessary to exchange energy, in the 
forms of heat and work, with utility streams. In order to 
increase the pressure of a process stream, work is done on the 
process stream. The conversion of energy (usually electrical) 
into the pressure head is provided by pumps (for liquid 
streams) or compressors (for gas streams) that are inserted 
directly into the process stream. For a process gas stream 
undergoing a significant reduction in pressure, the recovery of 
work using a gas turbine may have a significant impact 
(favorable) on process economics. In order to change the 
temperature of a process stream, heat is usually transferred to 
or from a process by exchange with a heat transfer medium—for 
example, steam and cooling water. As shown in Chapter 15, it 
may also be beneficial for heat to be exchanged between process 
streams using heat integration techniques. 


18.6.1 Increasing the Pressure of a Process Stream and Regulating 
Its Flowrate 
In the preceding examples, streams were available at constant 
pressure. This is normally true for utility streams. However, for 
a process stream, the pressure may change throughout the 
process. When higher pressures are needed, pumps or 
compressors are installed directly into a process stream. These 
units convert electrical energy into the required pressure head 
for the stream. 


It should be noted that when a pump or compressor is 
required in a process, it is necessary to specify the type of fluid 
and fluid conditions, the design flowrate of fluid, the inlet 
(suction) and outlet (discharge) pressures at the design 
conditions, and an overdesign (safety) factor. The pump or 
compressor conforming to these specifications must be able to 
operate at and somewhat above the design conditions. However, 
in order to regulate the flow of the process streams, as will be 
required throughout the life of the process, it is necessary to 
implement a control or regulation system. Some typical 
methods of regulating the flow of process streams are outlined 
below and shown in Figure 18.5. 
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Figure 18.5 Flowrate Feedback Control Schemes for 
Pumping Liquids 


Figure 18.5(a) shows a centrifugal pump system that 
increases the pressure of a process stream. The position of the 
control valve, CV-1, is at the discharge side of the pump. The 
flowrate of Stream 2 is changed in order to regulate the flow of 
the stream passing through the pump. The operation of the 
pump and the interaction of the pump curve, the system curve, 
and the control valve will be discussed in the presentation of 
pump performance curves in Chapter 19. In reviewing this 
material, it is important to remember that the maximum 
flowrate of the fluid is determined by the intersection of the 
pump and system curves. Regulation of flowrate is possible only 
for flows less than this maximum value, that is, to the left of the 
intersection of the pump and system curves, as illustrated in 
Figure 19.22. 

Figure 18.5(b) shows a positive displacement pump 


increasing the pressure of a process stream. The positive 
displacement pump can be considered to be a constant-flow, 
variable-head device; that is, it will deliver the same flowrate of 
fluid at a wide range of discharge pressures. Thus 


ùz + 03 = 01 = a constant (18.2) 


Under design condition, a small amount of flow is usually 
recycled for easier operability. During process operation, if the 
flow of the process stream, Stream 2, decreases below the 
design flow, the recycle flowrate, that is, the flowrate of Stream 
3, must be increased to ensure that the total flowrate remains 
constant. In Figure 18.5(b) this is accomplished by returning 
Stream 3 through CV-2 to the suction side of the pump. Flow 
regulation of Stream 2 is accomplished by manipulating CV-3 
placed on Stream 2. It should be noted that the pump curve of a 
positive displacement pump is almost vertical and even with 
minor changes in the flow due to throttling of the control valve 
on Stream 2, the discharge pressure will increase drastically 
(see Figure 19.24). Therefore the pump discharge pressure can 
be used as a surrogate measurement to capture the discrepancy 
from the design flow. CV-2 is manipulated to maintain the 
pressure by regulating the recycle flowrate. 


Figure 18.5(c) uses a variable-speed drive—or variable 
displacement volume, for a positive displacement pump—to 
regulate the flow of the process stream. For a centrifugal pump, 
the impeller speed is regulated to provide the required flow, at 
the desired pressure, for the process stream. The advantage of 
using this type of control strategy is that there is no wasted 
energy due to throttling across a control valve. However, 
variable-speed controls and motors are expensive and less 
efficient. Therefore, this type of control scheme is usually cost 
effective only for gas blowers, compressors, and large liquid 
pumps, because a large savings in utilities is required to offset 
the large capital investment for the variable-speed drives and 
controls. 

Figure 18.5(d) regulates the input flow with a valve, CV-4, 
installed in the suction line to the pump. The position of CV-4 is 
altered to provide the desired flowrate of fluid. This may work 
well for gases (suction throttling of blowers and compressors) 
but is seldom used for liquid pumps. For liquid streams, the 
reduction in pressure at the pump inlet increases the possibility 
of cavitation; that is, NPSH, is reduced drastically. The causes 
of cavitation and NPSH calculations will be covered in Section 
19.5.2. On the other hand, for the case of gas compression using 
centrifugal machines, the throttling of the inlet stream is 
essential for start-up purposes. Thus, this method is often the 
preferred control strategy for flow regulation in centrifugal 
blowers and compressors. 


All the control systems shown in Figure 18.5 for the 
regulation of liquid process streams can be applied to 
compressor systems to regulate the flow of gaseous process 


streams. 


18.6.2 Exchanging Heat between Process Streams and Utilities 


The amount of heat added to or removed from a process stream 
is usually altered by changing the flow or pressure of utility 
streams. The primary utility streams in a chemical plant are as 
follows: 


ig 


Cooling water is used to remove heat from a process stream. The heat 
transferred to the coolant adds to the sensible heat (enthalpy) of the 
coolant stream (temperature increases). 

2. Air can be used to remove heat from a process stream and is often used in 
product coolers and overhead condensers. The heat transferred to the 
coolant adds to the sensible heat (enthalpy) of the coolant stream 
(temperature increases). 


3. Steam condensation is used to add heat to a process stream. The heat 
transferred from the steam decreases the enthalpy of the steam (steam 
condenses). 


4. Boiler feed water (bfw) is used to remove heat from a process stream to 
make steam that can be used elsewhere in the process. The heat 
transferred to the bfw increases the enthalpy of the bfw stream (bfw 
vaporizes). 


When using cooling water or air in which there is no change 
of phase of the utility stream, regulation is generally performed 
by changing the flowrate of the cooling stream. For example, see 
Figure E18.4 and Example 18.4. In this section, the focus is on 
systems in which the utility stream undergoes a change of 
phase. The focus is on boiler feed water and steam. However, 
the results apply equally well to other heat transfer media that 
undergo a phase change. It is further assumed that utility 
streams are taken from and returned to headers and that the 
process streams are a single phase. The control of reboilers and 
condensers in a distillation column is covered in the case study 
on distillation given in the following section. 

There are many ways to regulate systems using steam. No 
effort is made here to try to present an exhaustive list of 
possible schemes, but the focus is on several of the more 
common techniques. Figures 18.6 and 18.7 show several 
systems used to control the transfer of heat between a utility 
stream and a process stream. The systems on the left-hand side 
of the figures add heat to the process stream by condensing 
steam. Systems on the right-hand side remove heat from the 
process stream by vaporizing bfw. In either case, there are two 
phases present in equilibrium on the utility side of the 
exchanger. The temperature and pressure are related by the 
vapor-pressure relationship for water. If steam from the header 
is significantly superheated, it may be passed through a 
desuperheater prior to being fed to the heat exchanger. The 
desuperheater adds just enough bfw to saturate the steam. The 
reason for using a desuperheater is that highly superheated 
steam acts like a gas with a correspondingly low film heat 
transfer coefficient. Thus, a significant amount of heat- 
exchanger area may be taken up in desuperheating the steam. 
In such situations, it is more cost effective to saturate the steam 


before entering the heat exchanger, reducing significantly the 
heat exchange area required. 
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Figure 18.6 Unregulated Heat Exchanger Using Utility 
Streams with a Phase Change: (a) Process Heater and (b) 
Process Cooler 
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Figure 18.7 Regulation Schemes for a Heat Exchanger Using 
Utility Streams with a Phase Change 


Figures 18.6(a) and 18.6(b) show a process heater (steam 
condenser) and a process cooler (bfw vaporizer) without control 
valves. The heater shown in Figure 18.6(a) includes a steam 
trap (shown as a box with a T in the middle) on the utility line. 
This steam trap separates the condensate formed from the 
vapor. The condensate is collected by the trap in the bottom of 
the exchanger and discharged intermittently to the condensate 
header. The steam flowrate, Stream a, is established by the rate 
at which heat is exchanged. This is different from normal utility 
flow regulation. As the steam condenses, there is a large 
decrease in the specific volume of the utility stream. Thus, 
steam is continually “sucked” from the header into the heat 
exchanger. For this system, no regulation of process 
temperature is attempted. 

The process cooler shown in Figure 18.6(b) vaporizes bfw. In 
this case, the flow of bfw is more than sufficient to provide for 
the vaporization taking place. The exit stream is a two-phase 
mixture of steam and bfw. The bfw is separated from the vapor 
in an accumulation drum (phase separator) and recycled back 


to the inlet of the exchanger. Again, for this system, no 
regulation of process temperature is attempted. 


Although no control schemes are implemented in the 
systems in Figure 18.6(a)(b), to some extent, both systems are 
self-regulating. The reason for this self-regulating property is 
that the major resistance to heat transfer is on the process side 
(film heat transfer coefficients for condensing steam and 
vaporizing bfw are very high). Consider an increase in the 
flowrate of the process stream in Figure 18.6(a). As the flow 
increases, so does the process-side heat transfer coefficient, 
and, for turbulent flow, this increase is proportional to the 
(process flowrate)°* °°. See Table 20.8 for an explanation of 
the range of exponents. Because the major resistance to heat 
transfer is on the process side, this suggests that the overall heat 
transfer coefficient changes by the same amount. Thus, for a 
10% increase in process flowrate, the overall heat transfer 
coefficient increases by 6% to 8%. Because the change in the 
overall heat transfer coefficient does not quite match the change 
in process flowrate, the exit temperature of the process stream, 
Stream 2, must drop slightly. Although the temperature of the 
exit stream drops, it does not drop by much due to the partial 
regulation provided by the increase in heat transfer coefficient. 

In discussing the operation of this heat exchanger, no 
mention was made of the change in flowrate of the steam that 
would be required to provide the increase in heat-exchanger 
duty caused by the increased process flowrate. As the exchanger 
duty increases, more steam will condense, and this increased 
demand for steam does have an effect on the operation. It 
should be noted that steam is supplied from the header to the 
exchanger in the quantity that is required; that is, it is 
determined by the energy balance. As the steam flowrate 
increases, the frictional pressure losses in the supply pipe from 
the header to the exchanger increase. This causes the pressure 
on the steam side of the heat exchanger to decrease. Thus, the 
utility side of the heat exchanger essentially “floats” on the 
header pressure, with an appropriate pressure loss to account 
for flow through the supply line. As the pressure of the steam 
side of the exchanger drops, this causes the temperature at 
which the steam condenses to drop slightly, thus reducing the 
temperature driving force for heat exchange. However, 
compared with the change in heat transfer coefficient, this 
change is minor. 


In order to regulate the temperature of the process stream 
leaving the heat exchanger, it is necessary to control the heat 
duty. In order to do this, a variable on the right-hand side of the 
heat-exchanger performance equation must be able to be 
regulated: 


Q = UAATm (18.3) 


This can be achieved by doing one or more of the following: 


1. Regulate the temperature driving force (ATjm) between the process fluid 


and the utility. 
2. Adjust the overall heat transfer coefficient (U) for the heat exchanger. 
3. Change the area (A) for heat exchange. 


Two alternatives are considered for regulating the 
temperature of the process exit stream. 


Regulate the Temperature Driving Force between 
the Process Fluid and the Utility. The systems shown in 
Figure 18.7(a)(b) include a valve on the utility line. This valve is 
used to change the pressure of the utility stream in the 
exchanger. Because there are two phases present, the pressure 
establishes the temperature at which the phase change takes 
place. Reducing pressure reduces temperature according to the 
vapor-pressure-temperature relationship for water, for 
example, from Antoine’s equation. 

To increase the heat duty for the process heater, Figure 
18.7(a), the temperature driving force is increased by increasing 
the pressure. This is achieved by opening CV-1 to decrease the 
frictional resistance to flow. Because CV-1 is located on the 
input side of the heat exchanger, opening the valve increases the 
pressure of the steam in the exchanger, and the temperature at 
which condensation occurs will also increase. To increase the 
process cooler heat duty, Figure 18.7(b), the temperature 
driving force is increased by opening CV-2, which decreases the 
resistance to flow. CV-2 is located on the discharge side of the 
utility, that is, between the exchanger and the steam header. In 
this case, the exchanger once again floats on the steam header 
pressure. As CV-2 is opened, the pressure on the utility side of 
the exchanger decreases, and this reduces the temperature at 
which the bfw boils and increases the temperature driving force 
for heat transfer. 


Adjust the Overall Heat Transfer Coefficient for the 
Heat Exchanger by Adjusting the Area Exposed to Each 
Phase. The systems shown in Figure 18.7(c)(d) operate such 
that the interface between the liquid and vapor on the utility 
side of the exchanger covers some of the tubes. For this 
situation, a fraction of the heat-exchange area is immersed in 
the liquid region, with the remaining fraction in the vapor- 
phase region. The heat transfer coefficients and the temperature 
driving forces for these two regions differ significantly. Thus, by 
adjusting the level of the liquid-vapor interface in the 
exchanger, it is possible to regulate the duty. 

For the process heater, Figure 18.7(c), decreasing the level 
increases the heat duty. The reason for this is that in the vapor- 
phase region the utility-side film coefficient and temperature 
driving force are large because steam is condensing. For the 
liquid-phase region, both the film coefficient and temperature 
driving force are low because the condensate is being subcooled. 
Therefore, as the liquid level decreases, more heat transfer area 
is exposed to condensing steam, the overall average value of UA 
increases, and the duty increases. 


For the process cooler, Figure 18.7(d), increasing the liquid 
level increases the heat duty. The reason for this is that in the 
vapor-phase region, the utility-side film coefficient and 
temperature driving force are low because steam is being 
superheated. For the liquid-phase region, both the film 
coefficient and temperature driving force are high because the 
bfw is boiling. Therefore, as the liquid level increases, more heat 
transfer area is exposed to boiling water, the overall average 
value of UA increases, and the duty increases. Careful 
consideration of the disengagement height must be made in the 
design of these steam generators to ensure that free water does 
not get into the steam header even at the maximum allowable 
level and the maximum velocity of the generated steam. 


18.6.3 Exchanging Heat between Process Streams 


The integration of heat between process streams is often 
economically advantageous, and a strategy to do this is 
explained in Chapter 15. When heat integration is implemented 
in a process, it is unlikely that the flow of these process streams 
can be regulated to control the heat transfer, because these 
flows may be set based on the operation of other critical 
equipment items and/or plant throughput. Rather the 
flowrates, composition, temperature, and vapor fraction of 
these streams can change due to changes in the process 
operation. One method to control the exit temperature in such 
an exchanger is to bypass some portion of one or both of the 
process streams around the exchanger. By altering the amount 
of the stream that bypasses the equipment, temperature 
regulation is possible. This concept is considered further in 
Problem 18.4. 


18.7 LOGIC CONTROL 


Logic control, often neglected in traditional undergraduate 
curricula, is an inseparable part of the overall control system 
design of a modern plant. Logic control executes logical steps 
and implements its decisions. Logic controllers are used in 
batch, continuous, and semibatch processes. In Chapter 3, a 
number of examples were given that show the various steps 
involved in a typical batch process. A logic controller carries out 
this sequence of steps in a batch process and repeats them 
based on some preprogrammed condition(s). In continuous 
processes, logic controllers are used for plant/equipment safety 
and for avoiding interruption in plant operation in the case of 
failure of an equipment/section of a plant. Logic controllers 
ensure that the start-up conditions for an equipment/plant 
section (known as start permissives) are satisfied before an 
equipment/plant section is permitted to start. Moreover, logic 
controllers continuously monitor various equipment/plant 
sections to avoid unsafe or dangerous situations and implement 
a series of preprogrammed steps in case of a shutdown. In a 
semibatch process, logic controllers usually execute a series of 


steps for smooth switching between two or more 
reactors/beds/process equipment at a regular interval. The 
platform in which the logic control system is usually 
implemented in industry is known as a programmable logic 
controller (PLC). The programming language for a PLC varies 
depending on the manufacturer. Examples of programming 
languages include Ladder Diagram (LD), Structured Text (ST), 
Sequential Function Chart (SFC), Function Block Diagram 
(FBD), and Instruction List (IL). LD is the most widely used 
language. Most of these programming languages follow the IEC- 
61131 standard. A single PLC can be used for implementing 
logic control of a number of equipment/process sections. Some 
manufacturers of special equipment such as turbines, 
compressors, and furnaces have dedicated PLCs for their 
equipment. Otherwise, even for large process plants, a single or 
a few PLCs may be sufficient. A brief discussion of LD will be 
provided, because of its popularity in the process industries. 


Components of LD. An LD looks like a ladder—hence the 
name—where some logical processing is carried out at each 
“rung.” An LD can span several thousands of rungs. The 
components of an LD are of three types: input devices or 
contacts, internal devices, and output devices or coils. Each 
rung usually starts with one or more contacts and terminates in 
one or more coils directly or through one or more internal 
devices. Based on the state of the input devices (true or false) 
and the mathematical/logical operation carried out in the 
internal devices, the state of the output device becomes true 
(i.e., energized) or false (i.e., deenergized). The state of the 
input devices can be altered (i.e., true or false) by field 
instruments (such as start/stop switches, level switches, etc.) or 
by internal flags that are generated by the output device(s). 
When the output device becomes energized or deenergized, it 
can operate some field equipment (such as start/stop a motor, 
open/close valves, etc.), or it can change the status of some 
internal flags. Contacts can be used as internal devices as well. A 
few basic components of an LD are shown in Figure 18.8. Figure 
18.8(a) represents a contact that is normally open (NO). Its 
state can be altered by a flag such as a motor start switch, a limit 
switch, or any internal flag. For example, if a motor start switch 
changes the state of an NO contact, then initially the output of 
this contact is false or o. As the motor start button is pressed, 
the contact becomes closed, changing its state to true or 1. 
Figure 18.8(b) represents a contact that is normally closed (NC), 
that is, normally true. Its status can be changed to false by a flag 
as before. Figure 18.8(c) represents an internal device known as 
one-shot rising (OSR) that can be used to trigger a one-time 
event. When the input to the OSR becomes true, its output 
becomes true for one cycle, then becomes false in subsequent 
scans unless its input changes to true again. Figure 18.8(d) 
shows a coil that becomes true when its input flag is true. Figure 
18.8(e) shows an output latch that becomes true when its input 


becomes true. It then remains true even when its input turns 
false. The output is triggered false when it is unlatched by an 
“output unlatch,” shown in Figure 18.8(f). Many other 
components are used in an LD. Examples include timer on/off 
delay, various comparators, function blocks, and various 
mathematical operations that can be used to turn a signal on or 
off. For a detailed discussion of these topics, refer to one of the 
many good books in this area [8—10]. 
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Figure 18.8 Basic Components of an LD: (a) Normally Open 
(NO) Contact; (b) Normally Closed (NC) Contact; (c) One- 
Shot Rising; (d) Coil; (e) Output Latch; (f) Output Unlatch 


Example 18.10 


Figure E18.10(a) shows the schematic of a storage vessel, 
V-101. Pump P-101 has two start and stop switches (one 
in the plant and the other in the control room). Assume 
that the pump start switch is a momentary signal, that is, 
is true as long as the start button is pushed. The pump 
can be started or stopped by either of the start/stop 
switches. Pump P-101 should stop if the level of the 
vessel becomes low as detected by the level switch, LSL- 
101. Develop a ladder diagram for the pump. 


Water in 
VLV-101 


Figure E18.10(a) Schematic of a Storage Vessel 


The ladder diagram is shown in Figure E18.10(b). In 
Rung 0, if any one of the pump start switches is pressed, 
it generates a true flag, making the OSR output to be true 
for only one cycle. This makes the output of ONM1 true. 
If any of the stop switches and LSL-101 are not true, then 
when ONM1 is true, a pump start signal, Start P-101, is 
generated in Rung 1. This start signal is usually sent to a 
motor control center (MCC) located in an electrical 
substation to start the pump. As the OSR output is true 
only once when any of the pump start switches is true, 
ONM1 will be false at the next scan and the pump will 
turn off. To prevent this, the Start P-101 signal is used in 
parallel to ONM1. While the pump is running, if any of 
the stop switches is pressed or the LSL-101 is activated 


due to low level, the input to the Start P-101 contact 
becomes false and trips the pump. 
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Figure E18.10(b) Ladder Diagram for Pump 
Start/Stop 


18.8 ADVANCED PROCESS CONTROL 


Advanced process control (APC) involves many tools from 
process control theory. This term broadly covers advanced 
techniques employed for process control applications. APC is 
very effective for process systems under a number of 
circumstances such as the following: 


e When multivariable interactions prohibit satisfactory control 
performance with a single-loop control 


e When the process dynamics are so complex that a traditional control 
fails to give acceptable performance 


e When the control system must satisfy some desired dynamic behavior 


e When there are process constraints that cannot be violated under any 
circumstances 


e When the control objective is to optimize some function, such as 
maximize profit, minimize auxiliary power consumption, and so forth, 
that involves multivariable interactions and (often) explicit process 
constraints 


e When consistent product specifications cannot be met with 
traditional control 


e When the plant operation is desired to be highly flexible 


Nonetheless, APC is an umbrella term for a number of 
process control techniques. Based on their popularity, two such 
techniques will be briefly discussed here. 


18.8.1 Statistical Process Control (SPC) 


In this category, statistical methods are applied for process 
control. Quality control is one of the main focuses of SPC, 
ensuring that the product qualities are satisfied consistently in 
the face of inherent variability. In SPC, the process is monitored 
by using a quality control chart such as the Shewart chart, 
CUSUM (Cumulative Sum) chart, or other similar technique. In 
the case of undesired deviation of a process variable from its 
desired value, an objective analysis is carried out to determine 


the root cause by using techniques such as Ishikawa diagrams, 
Pareto charts, and other such tools. A control action is then 
taken to eliminate the root cause. SPC is primarily used in the 
manufacturing industry where the costs of making such 
adjustments are large and the process is not subject to 
persistent disturbances. In the process industry, usually the cost 
of making adjustments is minimal and the disturbances are not 
only persistent but significant. Therefore, SPC has fewer 
applications in the process industry. 


18.8.2 Model-Based Control 


In model-based control, a process model is used to decide the 
appropriate control action. Two approaches are very popular in 
this category. In the first approach, known as the direct 
synthesis approach, the controller is designed to follow a 
desired trajectory. Two common techniques are internal model 
control and generic model control. The other approach is known 
as optimal control, where the controller is designed to optimize 
some objective function, quite often subject to some constraints. 
Model Predictive Control (MPC) is probably the most popular 
control scheme in this category. In linear MPC, a linear process 
model is used to predict the future process trajectory over a 
time horizon known as the prediction horizon. The control 
action is then calculated over a time horizon known as the 
control horizon by carrying out an optimization. Popular 
methods under this category are linear quadratic control (LQC), 
dynamic matrix control (DMC), and model algorithmic control 
(MAC). For systems that cannot be well represented by a linear 
model, a nonlinear process model is necessary, leading to 
nonlinear MPC. The optimization problem in a linear MPC can 
be solved by very efficient algorithms available for solving 
quadratic programming (QP) problems. However, nonlinear 
MPC leads to a nonlinear programming (NLP) problem that can 
be computationally expensive for large and complicated process 
systems. Another issue with any model-based control is to 
obtain a representative process model. When a representative 
first-principles process model is available, it can be used. When 
such models are not available, the actual process is excited by 
an appropriately designed input signal, and a process model is 
identified using the process response. The performance of an 
MPC application can significantly deteriorate if the actual 
process deviates considerably from the model over the course of 
time. In such cases, the identification of an updated process 
model is required. To obtain satisfactory control performance in 
the face of model/parametric/input/output uncertainties is the 
focus of robust process control, which is an active field of 
research. Another problem for any APC application is its 
maintenance because complicated process control theory is 
usually involved. 

Many other APC techniques are available in the existing 
literature. Readers interested in these techniques and the theory 
and applications of APC techniques are referred to a number of 


good references in this area [11-13]. 


18.9 CASE STUDIES 


In this section two operations that require more complex 
control schemes are studied in detail. Again, it is emphasized 
that these are not the only ways to control these units but are 
typical schemes that might be employed. Many alternatives 
exist, and in the course of a career in process engineering, you 
will encounter a wide variety of regulation systems. 


18.9.1 The Cumene Reactor, R-801 


Consider the reactor system for the production of cumene 
shown in Appendix C, Figure C.8, and redrawn in Figure 18.9. 
The reactor feed, Stream 7, comes from a fired heater, where it 
is heated to the temperature required in the catalytic reactor. 
The reaction takes place in a bank of parallel catalyst-filled 
tubes and is mildly exothermic. In order to regulate the 
temperature of the reacting mixture and catalyst, the tubes are 
immersed in boiler feed water. The heat is removed by 
vaporizing the water to make high-pressure steam, which is 
then sent to the high-pressure steam header. 


To Flare 


To High-Pressure 
Steam Header 


From H-801 


Figure 18.9 Basic Regulation Scheme for Cumene Reactor, 
R-801 


The first issue is what should be controlled in the reactor 
and why. This is not a simple question to answer because many 
things must be considered. Some of the important 
considerations for exothermic catalytic reactions are discussed 
in Chapter 22. Here, it is assumed that the exit temperature 
from the reactor, Stream 8, is the variable that must be 
controlled. If the reactor is designed such that the temperature 


increases monotonically from the inlet to the outlet, then the 
exit stream is the hottest point in the reactor. More commonly, 
there will be a temperature bump or warm (hot) spot 
somewhere within the reactor, and the exit temperature will be 
cooler than at the temperature bump. In this case, a series of in- 
bed thermocouples could be used to measure the temperature 
profile within the catalyst tubes and use the maximum 
temperature as the controlled variable. In either case, it is 
important to control the reactor temperature, because the 
reaction rate and catalyst activity are both affected strongly by 
temperature. 

The first part of the control scheme is a feedback material 
balance control on the boiler feed water. Control valve CV-1 is 
adjusted using a signal from the level controller mounted on the 
side of the reactor. This scheme ensures that the bank of 
catalyst tubes is always totally immersed in the bfw. Regulation 
of the bfw level below the top of the tubes, as discussed in 
Section 18.6.2, is inadvisable for this reactor, because the poor 
heat transfer coefficient for the portion of the tubes above the 
liquid level might cause a hot spot to occur at the entrance of 
the reactor. The second part of the control scheme uses cascade 
control to regulate the reactor exit temperature. The 
temperature at which the bfw boils in the reactor is regulated by 
the setting of CV-2. The logic is the same as described for the 
situation in Figure 18.7(b): that the pressure of the steam in the 
reactor is set by the steam header pressure (fixed) and the 
pressure drop across CV-2 (adjustable). The temperature of 
Stream 8 is monitored and used to adjust the set point on CV-2 
as required. 

Consider a situation in which the reactor exit temperature is 
seen to drop slowly. This situation may be caused by a number 
of reasons—for example, the catalyst slowly loses its activity and 
has the undesirable effect of reducing the conversion in the 
reactor with the possibility of a reduction in cumene 
production. With the control scheme shown in Figure 18.8, the 
system would respond in the following manner. As the 
temperature of Stream 8 drops, the set point on CV-2 would be 
adjusted to close the valve and increase the pressure of the 
steam in the reactor. This would have the effect of increasing 
the temperature at which the bfw boiled and would reduce the 
temperature driving force for heat transfer. The net effect would 
be to reduce the amount of heat removed from the reactor, 
causing the exit stream temperature (and reactor temperature 
profile) to increase and also causing the amount of reaction to 
increase. If the reactor exit temperature were to increase for 
some reason, then the control strategy would be the opposite of 
that described above. The increase in temperature of Stream 8 
would be sensed by the temperature controller, which would 
then adjust downward the set-point pressure for the reactor. 
This would cause CV-2 to open, reducing the pressure and 
temperature of the steam in the reactor. This, in turn, would 


increase the temperature driving force for heat transfer and 
increase the amount of heat removed from the reactor, causing 
the exit stream temperature to decrease and also causing the 
amount of reaction to decrease. Clearly, for exothermic 
reactions, the control of temperature is essential to safe reactor 
operation. For such equipment, several safety features would be 
incorporated into the overall control scheme. These safety 
features are extremely important and are treated separately in 
Chapter 26. 


18.9.2 A Basic Control System for a Binary Distillation Column 


The purpose of a control system for a distillation column is to 
provide stable operation and to produce products with the 
desired purity. Figure 18.9 shows a control scheme typically 
used to regulate a binary distillation system. Flowrates, 
pressure, stream composition, and liquid levels are regulated. 
The five control variables to be regulated are shown (column 
pressure, composition of distillate, composition of bottoms 
product, liquid level in the bottom of the column, and the liquid 
level in the reflux drum). 

Shown in Figure 18.10 are five feedback control loops and 
one cascade control loop used to regulate the five control 
variables. 


Cooling Water 
ee et E1 


Pee tre a ] Set Point 
erp P 


V-1 
T-1 ENR 


Cooling Water 
Return 


(Composition) 


—s— 7 
i CV-3 Distillate 
sinos a ne 
ae 
? E-2 Q Cv-4 K Steam 
> 
Condensate 


(Composition) 


> 
F Bottoms Product 


Figure 18.10 Typical Basic Control Scheme for a Binary 
Distillation Column 
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e Valve CV-1 regulates the liquid reflux, Stream 4, in order to maintain 
the desired distillate composition. In addition, a composition 
measurement is made on the overhead product stream, Stream 3, and 
this is used to change the set point of CV-1. 


e Valve CV-2 regulates the condenser heat duty (by changing the 
flowrate of cooling water) in order to maintain a constant column 
pressure. In this control scheme, the vapor pressure of the liquid in V- 
1 gets changed due to the change in the temperature helping to 
achieve the desired pressure. One drawback of this scheme is that the 


change in the liquid temperature can affect other variables. The reflux 
flowrate may have to be adjusted. The product temperature may not 
be satisfactory, requiring an additional product cooler. Furthermore, 
the change in the vapor pressure of the distillate with temperature 
may not be sensitive in the allowable range of temperature resulting 
in poor performance of the pressure controller. Two approaches can 
be considered under these scenarios. If there is any noncondesnable 
in the feed, then E-1 becomes a partial condenser and flowrate of the 
noncondesables from V-1 can be manipulated to maintain its 
pressure. Otherwise, a noncondensable stream may be injected to V-1 
to regulate its pressure. Often an inert gas such as Nz is injected as a 
noncondensable to regulate the tower top pressure. 


e Valve CV-3 regulates the distillate flowrate, Stream 3, in order to 
maintain a constant liquid level in the reflux drum, V-1. 


e Valve CV-4 regulates the reboiler heat duty (by changing the pressure 
of the stream flowing into E-2) in order to maintain a constant 
distillate bottoms composition. 


e Valve CV-5 regulates the bottoms product flowrate, Stream 5, in order 
to maintain a constant liquid level in the bottom of the column. 


Consider the changes that result from a decrease in the 
concentration of the light component in the feed—assuming the 
feed flowrate remains unchanged—and the regulation that the 
control system provides. It is observed for this system that as a 
lower amount of light material is fed to the column, the purity of 
the distillate and amount of overhead vapor begin to drop. The 
concentration detector located on Stream 3 will detect this 
change and will send a signal to change the set point of CV-1. 
Valve CV-1 will begin to open in order to increase the reflux 
rate. Simultaneously, the level of liquid in V-1 will start to drop. 
The level control will sense this change and start to close CV-3, 
thus reducing the flow of overhead product, Stream 3. In 
addition, as the amount of overhead vapor, Stream 2, flowing to 
E-1 also drops, the column pressure will start to decrease 
slightly and the cooling water flowrate, regulated via CV-2, will 
be reduced. At the bottom of the column, the heavier material 
will start to accumulate. For this system, it is observed that this 
will result in an increase in the liquid level in the bottom of the 
column and an increase in the purity of the bottoms product. 
The level controller at the bottom of the column will sense the 
increase in liquid level and open valve CV-5, increasing the 
bottoms product flowrate. Finally, as the composition detector 
on Stream 5 senses the increase in purity of the bottoms 
product, it will send a signal to CV-4 to close, reducing the boil- 
up. 

The action of the control scheme to the change in feed 
composition essentially regulated five streams in the following 
manner: 
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Actions 1, 2, 4, and 5 are consistent with satisfying the material 


and energy balances for the distillation system. Action 3 is 
required to adjust the purity of the products. 

The regulation scheme shown in Figure 18.10 is only one of 
many possible systems that can be used to regulate a binary 
distillation column. If there is a sudden change in a process 
variable, this system may become unstable, and careful tuning 
of the controllers is necessary to avoid such problems. It should 
also be pointed out that the material balance for the column is 
automatically satisfied by using the liquid levels in the column 
and reflux drum to control the product flowrates. The same is 
not true for the energy balance. For example, if valve CV-2 
opens rapidly while valve CV-4 opens slowly, then a disparity in 
the energy balance will occur. Less vapor is produced in the 
reboiler than is condensed in the condenser, and the pressure 
drops. Fortunately, the distillation column tends to be self- 
regulating in response to pressure. If pressure decreases, the 
temperature decreases because of saturation conditions in the 
column. This increases the driving force for heat transfer in the 
reboiler and decreases the driving force for heat transfer in the 
condenser. This increases the boil-up and decreases the 
condensation of overhead vapor. Therefore, this results in an 
increase in the system pressure that tends to correct for the 
disparity in the energy balance. 


For distillation columns with side products, the control 
strategy is more complicated. In general, for each additional 
variable that is to be regulated or controlled, an additional 
control loop must be added. 


It is worth noting that most major column upsets arise from 
a change in the conditions of the feed stream to the column. 
These changes are most often caused by process upsets 
occurring upstream of the distillation column. The effects of 
sudden changes in column feed conditions can be significantly 
reduced by installing a surge tank upstream of the column. This 
tank acts as a buffer or capacitor by storing and mixing feed of 
differing composition. The overall effect is to dampen the 
amplitude of concentration fluctuations and reduce the impact 
of sudden changes on the column operation. The use of surge 
tanks is not restricted to distillation columns only. In fact, any 
place where a significant inventory of liquid is stored acts to 
dampen changes in feed conditions to the downstream units. 


A surge tank reduces the effects of sudden changes in 


feed conditions. 


18.9.3 A More Sophisticated Control System for a Binary 
Distillation Column 

Figure 18.11 shows a control system for a binary distillation 

process, adapted from Skrokov [14]. The distillation unit is 

similar to the one shown in Figure 18.10. Valves CV-1, CV-2, 

CV-3, CV-4, and CV-5 are in the same location and perform the 

same function in both systems. 
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Figure 18.11 An Advanced Control Scheme for a Binary 
Distillation Column (Adapted from Skrokov, M. R., Mini-and 
Microcomputer Control in Industrial Processes: Handbook of 
Systems and Application Strategies [New York: Van 
Nostrand Reinhold, 1980]. Reproduced by permission.) 


However, for the system shown in Figure 18.11, the 
concentrations and flows of the input stream, exit streams, and 
reflux stream are measured and sent to the monitor/analyzer. 
This unit performs energy and material balances and uses 
performance relationships to evaluate new set points for the 
recycle, distillate, and bottom streams. It is a feed-forward 
system that predicts and makes changes in operations based on 
the predictions of a detailed process model. 

Modern control capabilities involving sophisticated 
computer hardware and software also require a high degree of 
chemical engineering expertise in order to develop a system that 
optimizes the performance of process units. 


18.10 PUTTING IT ALL TOGETHER: THE 
OPERATOR TRAINING SIMULATOR 
(OTS) 


An OTS can be very effectively used to train control room 
operators even before a chemical plant is operated for the first 
time. This is particularly important when new technologies are 
employed in a process plant or a less experienced workforce 
takes the place of an experienced workforce. This book includes 
discussions of all the components required for development of 
an OTS. In Chapters 13 and 16, various aspects of steady-state 
design of a process plant were discussed. This steady-state 
design is then used to develop a dynamic model of a system, as 
discussed in Chapter 17. One of the key requirements of a stable 
dynamic simulation is the appropriate design of the control 
system. Brief discussions on basic as well as advanced control 
system design were provided in Chapter 17 and in this chapter. 
After that, the logic control system is designed and 
implemented. Finally, an APC layer can be designed to satisfy 
objectives that cannot be satisfied with traditional control 


strategies. The APC layer is optional, and barring a few 
exceptions, in general, its absence will not impede developing 
an OTS but may result in unsatisfactory control performance. 
The steps mentioned above can be very involved and 
complicated for large, complex, and highly interacting process 
systems. The graphical interface of a dynamic simulator is 
usually not suitable for mimicking a “virtual control room” for 
control room engineers. Therefore, a user-friendly human 
machine interface (HMI) similar to the distributed control 
system (DCS) screen is used for easy interfacing to the dynamic 
simulator (see Chapter 1, Figure 1.16). By putting all these 
components together, an OTS can be developed. The benefits of 
an OTS include the following: 

e The control room operators can be trained far ahead of running the 
actual plant. Other than normal plant operation, the OTS can be used 
to train operators to handle abnormal and emergency situations, 
which may happen only rarely in a plant, but if such situations do 
occur and they are not handled appropriately, they might result in 


serious conditions that would jeopardize equipment and personnel 
safety. This is similar to a flight simulator used for commercial pilots. 


e The plant control system design and the DCS can be checked well in 
advance before connecting to the actual field equipment and 
instruments. 


e Not only normal running of the plant, but also plant start-up and 
planned and emergency shutdowns can be simulated and valuable 
experience can be gained in terms of understanding the dynamics of 
the process during these transients. This can save valuable time and 
result in accident avoidance. As most of the equipment damage takes 
place during these transients, better equipment life can also be 
attained. 


One of the key requirements of an OTS is the real-time 
execution of the dynamic simulation. This is hard to achieve for 
large process plants, especially when start-up, shutdown, or 
abnormal situations are simulated. Multiple processors must be 
used to work together to satisfy this requirement. Another 
challenge is to solve the process model in the face of large 
changes in the process. A robust solver is a primary requirement 
of an OTS. Nonetheless, modern OTS systems can solve 
hundreds of thousands of equations robustly and in real time. 


18.11 SUMMARY 


In controlling any chemical process, the final control element is 
almost always a valve that regulates the flow of a process or, 
more commonly, a utility stream. The basic construction and 
operation of a control valve were reviewed. The way in which 
valves regulate flow and the pressure profiles in a pipe system 
were illustrated with several examples. 

In this chapter, the basic regulation systems commonly used 
in simple process control schemes were reviewed. These 
systems were feedback, feed-forward, cascade, combinations of 
feedback and feed-forward control, ratio, and split-range 
control. The logic behind each of these control strategies was 


explained, and examples illustrating this logic were given. 
Methods of controlling the temperature of process streams 
using heat transfer media that undergo phase changes were 
discussed. Several strategies for controlling the temperature of 
process streams exchanging energy with these heat transfer 
media were given. Elements of logic control were discussed with 
a simple example. A brief discussion on APC was given. Two 
case studies were presented in which several control schemes 
were used to regulate variables in an exothermic reactor and a 
simple binary distillation column. Finally, the essential 
components of an OTS were provided. 


WHAT YOU SHOULD HAVE LEARNED 


Most of what can be controlled in a chemical process involves 
opening or closing a valve. 


Typical control strategies include feedback, feed-forward, cascade, 
ratio, and split-range control. These strategies are normally taught in 
another class in the curriculum. 


It is important to consider the regulation strategies (what is 
measured and what is controlled) of typical process equipment such 
as heat exchangers, reactors, and distillation columns. 


Logic control is a key component of the control system of a plant. 


A number of components are needed to build an operator training 
simulator (OTS). 
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PROBLEMS 


. Consider an alternative reactor configuration for the cumene 


reactor, R-801, discussed in Section 18.9.1. The alternative is 
shown in Figure P18.1 and consists of a series of adiabatic 
catalytic packed beds through which the reactants pass. As 
the reactants and products pass through each bed, they are 
cooled by a cold shot of inert diluent—in this case, propane— 
before entering the next bed. The catalyst must be protected 
from excessive temperatures that cause it to sinter and to 
lose activity rapidly. For each of the control strategies given 
below, sketch the control loops that must be added to the 
system and discuss how the regulation is achieved—for 
example, “that is, as x increases, valve y opens, causing...” 


Reactor Feed 


R-801 


Propane 


Reactor Effluent 


Figure P18.1 Alternative Configuration for Cumene Reactor 
from Problem 18.1 


1. Use the exit temperature from a given bed to adjust the amount of diluent 
fed to that bed. 

2. Use the exit temperature from the previous bed to adjust the amount of 
diluent fed to the next bed. 

3. To what types of control strategy do Parts (a) and (b) conform? Which 
scheme do you think is better for this type of reactor? Explain your 
reasoning. 

4. Devise a control strategy that incorporates both the ideas used in Parts (a) 
and (b). 


2. Consider the benzene purification column, T-101, in Figure 
1.5 for the toluene hydrodealkylation process. The column 
feed contains noncondensables, mainly methane and a small 
amount of hydrogen, that must be vented from the system. 
The vent is taken off the top of the reflux drum, V-104. 
Sketch a control system in which the valve on this vent line 
is used to control the pressure of the column. Explain what 
happens when 


The column pressure begins to drop 
2. The amount of noncondensables fed to the column suddenly increases 


p 


3. It has been proposed that the feed toluene to the process 
shown in Figure 1.5 be vaporized prior to mixing with the 
hydrogen. It is believed that this scheme will allow more 
flexibility in the operation of the plant. You have been asked 
to devise a conceptual design for this vaporizer. The source 
of heat is the condensation of high-pressure steam. The 
system designed should be capable of controlling the 
amount of toluene vaporized and the pressure at which the 
toluene leaves the vaporizer. Sketch a diagram showing the 
major pieces of equipment and major control loops. 


4. In the DME process shown in Figure B.1.1, the reactor feed 
exchanges heat with the reactor effluent stream in exchanger 
E-202. From the diagram, it is evident that the temperature 
of the stream entering the reactor is controlled by regulating 
the amount of reactor effluent that is bypassed around the 
heat exchanger. For this system, answer the following 
questions: 


1. Explain how this system works. For example, explain what happens if the 
temperature of the feed into E-202 (Stream 4) were to increase or 
decrease. 

2. How would this system respond to fouling in the heat exchanger or a loss 
of activity of catalyst in the reactor? 

3. What type of control strategy is used in this example—feedback, feed- 
forward, and so on? 

4. Design a control system that would regulate the exit temperature of the 
reactor (Stream 6) rather than the inlet stream temperature. 


5. For the benzene column (T-101) in Figure 1.5, do the 
following: 


1. Implement a control scheme that will regulate the purity of the benzene 


product (Stream 15). You may assume that the purity of this stream can 
be evaluated by an on-line refractive index monitor placed on Stream 15. 
What is the type of control system that you have designed in Part (a) 
called? 


N 


6. Consider the feed section of the phthalic anhydride process 
in Appendix C, Figure C.5. A single control valve is used to 
control the flow of the combined vaporized naphthalene and 
air streams, Stream 7. In this process it is important to 
regulate both the flowrate of Stream 7 and the relative 
amounts of air and naphthalene in Stream 7. Does the 
current control scheme allow this type of regulation to 
occur? If not, devise a control scheme that will allow both 
these variables to be controlled independently. 


Describe which form of control strategy (feed-forward, 
feedback, cascade, or a combination of these) best describes 
how a responsible person drives an automobile. What would 
be the consequence of using a feedback control strategy 
alone? 


Pa 


8. Figure P18.8 shows a CSTR, R-901, carrying out a liquid- 
phase exothermic reaction. The feed, Stream 1, comes from 
an upstream unit, and its flowrate is known to vary. The heat 
of reaction is removed by circulating a portion of the 
contents of the reactor through an external heat exchanger. 
Cooling water is used as the cooling utility in E-901. 


Reactor Effluent 


Figure P18.8 CSTR Configuration for Problem 18.8 


For this reactor scheme, devise a system to implement the 
following control actions: 


1. Regulate the temperature of the reactor 
2. Regulate the inventory of the reactor, that is, keep a constant liquid level 


Explain how your control system would compensate for a 
change in the flowrate of Stream 1. 


What additional control scheme would be needed to 
maintain a constant conversion in the reactor, assuming that 


constant conversion can be achieved by ensuring constant 
residence time in the reactor? 


9. Figure P18.9 shows a CSTR carrying out a liquid-phase, 
exothermic reaction. The heat released partially vaporizes 
the contents of the reactor. This vapor is condensed in an 
external condenser, and the condensate is returned to the 
reactor. The reactor operates at the boiling point (T and P) 
of the mixture in the CSTR. The vapor formed consists of 
reactants and products. 


R-901 


E-901 


cw 


Reactor Effluent 


Figure P18.9 CSTR Configuration for Problem 18.9 


For this system, devise a system to regulate the following 
variables: 


1. Temperature in reactor 


2. Residence time in the reactor 


Explain how your system would respond to the following 
changes: 


1. Increase in flowrate of feed 


2. Fouling of the tubes (on cw side) of the condenser 


10. Consider the feed section of the toluene process given in 
Figure 1.5. The flow of fresh toluene, Stream 1, is regulated 
by monitoring the level in the toluene storage tank, V-101. If 
the level is seen to drop, then the valve on Stream 1 opens 
and vice versa. This is an example of a feedback material 
balance control loop. For this system, implement a feed- 
forward control scheme in which the flow of the recycle, 
Stream 11, is measured and used to control the flow of 
Stream 1. Do you foresee any potential problems with this 
control strategy? 


11. In the feed section of the maleic anhydride process shown in 
Figure B.5.1, consider that the air flowrate must be regulated 
so that a desired ratio between benzene and air is 
maintained. However, as the air flow changes, the discharge 


pressure of C-601 should also be maintained at a desired set 
point. Devise a control scheme to achieve the desired 
regulation. What type of control system did you design? 
Why? 


12. In the maleic anhydride process shown in Figure B.5.1, the 
temperature of Stream 6 at the outlet of the feed heater, H- 
601, needs to be maintained. For this system, do the 
following: 


1. Devise a control scheme for maintaining the temperature of Stream 6 by 
manipulating the flowrate of the natural gas to the furnace (i.e., firing rate 
of H-601). The flowrate of combustion air must be maintained at a 
desired ratio to the flowrate of the natural gas. 


2. In an alternative scenario, it is decided that, for maintaining the furnace 
temperature, fuel oil will be used to minimize the consumption of natural 
gas. When the fuel oil alone is not sufficient to maintain the temperature, 
natural gas will be fired along with the fuel oil. The flowrate of 
combustion air should be regulated such that the desired ratios with 
respect to the flowrate of the natural gas and the fuel oil are both 
maintained. Devise a control scheme to achieve this control objective. 
What type of control system(s) did you design? As the fuel oil and the 
natural gas have very different heating values, what challenge would you 
expect in achieving a satisfactory performance with this control scheme? 


13. In Example 18.10, there are two switches to start the pump. 
In addition, consider that the pump can be automatically 
started by a newly installed high-level switch as long as the 
stop switches are not pressed. Modify the ladder diagram 
shown in Figure E18.10(b) accordingly. 


14. Consider Problem 18.13. The control logic is now modified 
such that the pump can be automatically started by the high- 
level switch even though the stop switches are pressed. 
Modify the ladder diagram you developed in Problem 18.13 
accordingly. 


15. In the distillation column shown in Figure 18.10, changes in 
the feed composition give rise to noncondensables in the 
tower overhead vapor. Devise a new control scheme for the 
tower top pressure. It is also desired that instead of 
controlling the composition of the tower top product, the 
tower top temperature is controlled as a surrogate control 
obejective. Modify the existing control scheme accordingly. 


Section IV: Chemical Equipment 
Design and Performance Process 
Equipment Design and 
Performance 


The previous three sections focused on problems associated 
with the design, synthesis, and economics of a new chemical 
process, with less emphasis on equipment design. This section 
involves the design of new equipment and the performance of 
existing equipment in a chemical process. Three important 
factors must be understood: 

1. In equipment design, the input and desired output are known, and the 
piece of equipment is designed to ensure that the output can be obtained 
from the input. 

2. In equipment performance, the input and equipment specifications are 
known, and the output is calculated. Therefore, changes are limited by the 
performance of the existing equipment. 


3. Any changes in operation of the process cannot be considered in isolation. 
The impact on the total process must always be considered. 


Over the 10 to 30 years or more a plant is expected to 
operate, process operations may vary. A plant seldom operates 
at the original process conditions provided on the design PFD. 
This is due to the following: 

e Design/Construction: Installed equipment is often oversized. This 


reduces risks resulting from inaccuracies in design correlations, 
uncertainties in material properties, and so on. 


e External Effects: Feed materials, product specifications and 
flowrates, environmental regulations, and costs of raw materials and 
utilities all are likely to change during the life of the process. 


e Replacement of Equipment: New and improved equipment (or 
catalysts) may replace existing units in the plant. 


e Changes in Equipment Performance: In general, equipment 
effectiveness degrades with age. For example, heat transfer surfaces 
foul, packed towers develop channels, catalysts lose activity, and 
bearings on pumps and compressors become worn. Plants are shut 
down periodically for maintenance to restore equipment 
performance. 


To remain competitive, it is necessary to be able to alter 
process operations in response to changing conditions. 
Therefore, it is necessary to understand how equipment 
performs over its complete operating range to quantify the 
effects of changing process conditions on process performance. 

The material provided in this section involves several 
categories of design and performance problems: 


1. Design Problems: The design of typical chemical process equipment is 
presented, and the equipment constraints and limitations are discussed. 


2. Predictive Problems: An examination of the changes that take place 
for a change in process or equipment input and/or a change in equipment 
effectiveness. 


3. Diagnostic/Troubleshooting Problems: If a change in process 
output (process disturbance or upset) is observed, the cause (change in 
process input, change in equipment performance) must be identified. 

4. Debottlenecking Problems: Often, a process change is necessary or 
desired, such as scale-up (increasing production capacity) or allowance for 
a change in product or raw material specifications. Identification of the 
equipment that limits the ability to make the desired change or constrains 
the change is necessary. 


This section introduces the basic principles by which 
existing equipment and processes are designed, evaluated, 
operated, controlled, and subjected to changes in operating 
conditions. This material is treated in the following chapters. 


Chapter 19: Process Fluid Mechanics 

The basic design of pumps, pipes, etc., is presented for 
incompressible and compressible flows. The performance 
of pumps and existing piping systems is also presented. 


Chapter 20: Process Heat Transfer 

The basic design of heat exchange equipment is presented. 
The need for multiple shell-pass heat exchangers is 
discussed based on the LMTD correction factor. An 
extensive treatment of heat tranfer coefficients for typical 
process situations, including boiling and condensation, is 
included. The performance of existing heat transfer 
equipment is also presented.. 


Chapter 21: Separation Equipment 

The basics of typical chemical engineering separations 
(distillation, absorption, stripping, extraction) are 
reviewed, but not with the depth found in standard 
separation textbooks. The equipment design 
characteristics are emphasized. The performance of 
existing separation equipment is also presented. 


Chapter 22: Reactors 

The basics of reaction engineering are reviewed, but not 
with the depth found in standard reaction engineering 
textbooks. “Real” reactor configurations are discussed in 
depth. The performance of exisitng reactors is also 
presented. 


Chapter 23: Other Equipment 


The design and performance of pressure vessels, knockout 
drums, and steam ejectors is presented. 


Chapter 24: Process Troubleshooting and 
Debottlenecking 

Case studies are presented to introduce the philosophy and 
methodology for process troubleshooting and 
debottlenecking. 


Chapter 19: Process Fluid Mechanics 


WHAT YOU WILL LEARN 


The basic relationships for fluid flow—mass, energy, and force balances 


The primary types of fluid flow equipment—pipes, pumps, compressors, 
valves 


How to design a system for incompressible and compressible frictional 
flow of fluid in pipes 


How to design a system for frictional flow of fluid with submerged 


objects 
Methods for flow measurement 
How to analyze existing fluid flow equipment 


How to use the concept of net positive suction head (NPSH) to ensure 
safe and appropriate pump operation 


The analysis of pump and system curves 


How to use compressor curves and when to use compressor staging 


The purpose of this chapter is to introduce the concepts needed 
to design piping systems, including pumps, compressors, 
turbines, valves, and other components, and to evaluate the 
performance of these systems once designed and implemented. 
The scope is limited to steady-state situations. Derivations are 
minimized, and the emphasis is on providing a set of useful, 
working equations that can be used to design and evaluate the 
performance of piping systems. 


19.1 BASIC RELATIONSHIPS IN FLUID 
MECHANICS 


In expressing the basic relationships for fluid flow, a general 
control volume is used, as illustrated in Figure 19.1. This control 
volume can be the fluid inside the pipes and equipment 
connected by the pipes, with the possibility of multiple inputs 
and multiple outputs. For the simple case of one input and one 
output, the subscript 1 refers to the upstream side and the 
subscript 2 refers to the downstream side. 


Control volume 


of mass m 


Figure 19.1 General Control Volume 


19.1.1 Mass Balance 


At steady state, mass is conserved, so the total mass flowrate (rh 
, mass/time) in must equal the total mass flowrate out. For a 
device with m inputs and n outputs, the appropriate 
relationship is given by Equation (19.1). For a single input and 
single output, Equation (19.2) is used. 


> Mi in = ys Ti out (19.1) 
i=1 i=1 
ry = Thy (19.2) 


In describing fluid flow, it is necessary to write the mass 
flowrate in terms of both volumetric flowrate (7, volume/time) 
and velocity (u, length/time). These relationships are 


m = pùb = p Au (19.3) 


where p is the density (mass/volume) and A is the cross-sectional area for flow (length”). From Equation (19.3), for an 


incompressible fluid (constant density) at steady state, the volumetric flowrate is constant, and the velocity is constant for a 
constant cross-sectional area for flow. However, for a compressible fluid flowing with constant cross-sectional area, if the 
density changes, the volumetric flowrate and velocity both change in the opposite direction, since the mass flowrate is constant. 
Accordingly, if the density decreases, the volumetric flowrate and velocity both increase. For problems involving compressible 
flow, it is useful to define the superficial mass velocity, G (mass/area/time), as 


G= 4 =pu (19.4) 


The advantage of defining a superficial mass velocity is that it is constant for steady-state flow in a constant cross-sectional area, 
unlike density and velocity, and it shows that the product of density and velocity remains constant. 

For a system with multiple inputs and/or multiple outputs at steady state, as is illustrated in Figure 19.2, the total mass flowrate 
into the system must equal the total mass flowrate out, Equation (19.1). However, the output mass flowrate in each section 
differs depending on the size, length, and elevation of the piping involved. These problems are discussed later. 


Output 1 


Pipe 
Section Output 2 


Input 3 


Figure 19.2 System with Multiple Inputs and Outputs 
Example 19.1 
Two streams of crude oil (specific gravity of 0.887) mix as shown in Figure E19.1. The volumetric flowrate of Stream 1 is 0.006 


m?/s, and its pipe diameter is 0.078 m. The volumetric flowrate of Stream 2 is 0.009 m*/s, and its pipe diameter is 0.10 m. 
Stream 2 


Stream 3 
Stream 1 


Figure E19.1 Physical Situation in Example 19.1 

Determine the volumetric and mass flowrates of Stream 3. 

Determine the velocities in Streams 1 and 2. 

If the velocity is not to exceed 1 m/s in Stream 3, determine the minimum possible pipe diameter. 


Determine the superficial mass velocity Stream 3 using the pipe diameter calculated in Part (c). 

Solution 

Since the density is constant, the volumetric flowrate of Stream 3 is the sum of the volumetric flowrates of Streams 1 and 2, 
0.015 m/s. To obtain the mass flowrate, n = pb3, so Tz = (887 kg/m?) (0.015 m/s) = 13.3kg/s. 
Alternatively, the mass flowrate of Streams 1 and 2 could be calculated and added to get the same result. 

From Equation (19.3), at constant density u = Ù / A. Therefore, 


4b, 4(0.006 m3/s) 


mata t a 1.26 m/s (E19.1a) 
ugi a OO ae m/s (E19.lb) 


A2 zD? z(0.01 m)? 
e The diameter at which u3 = 1 m/s can be calculated from Equation (19.3) at constant density. 


ùs = us As => 0.015 mê /s = (1 m/s) (=) -,D=0.138m (E19.1c) 


If the diameter were smaller, the cross-sectional area would be smaller, and from Equation (19.3), the velocity would be larger. 
Hence, the result in Equation (E19.1c) is the minimum possible diameter. As shown later, actual pipes are available only in 


discrete sizes, so it is necessary to use the next higher pipe diameter. 
e From Equation (19.4), using the rounded values, 


_ mha _ 4g (138.3 kg/s) 2 
G= a RoR J 889.2 kg/m* /s (E19.1d) 


19.1.2 Mechanical Energy Balance 

The mechanical energy balance represents the conversion between different forms of energy in piping systems. With the 
exception of temperature changes for a gas undergoing compression or expansion with no phase change, temperature is assumed 
to be constant. The mechanical energy balance is 


<u> 


2 
p 
1 


In Equation (19.5) and throughout this chapter, the difference, A, represents the value at Point 2 minus the value at Point 1, that 
is, out — in. The units in Equation (19.5) are energy/mass or length’/time. In SI units, since 1 J=1 kg m?/3?, it is clear that 1 
J/kg = 1 m*/s*. In American Engineering units, since 1 Ibe = 32.2 ft lb,,/sec”, this conversion factor (often called g..) must be 
used to reconcile the units. The notation < > represents the appropriate average quantity. 

The first term in Equation (19.5) is the enthalpy of the system. On the basis of the constant temperature assumption, only 
pressure is involved. For incompressible fluids, such as liquids, density is constant, and the term reduces to 


2 
[> == (19.6) 
1 


For compressible fluids, the integral must be evaluated using an equation of state. 
The second term in Equation (19.5) is the kinetic energy term. For turbulent flow, a reasonable assumption is that 


<u> 2 
SS <u> (19.7) 


For laminar flow, 


<> ya <u>? (19.8) 


<u> 


For simplicity, < u? > is hereafter represented as < u>?, which is shortened to u?. 

The third term in Equation (19.5) is the potential energy term. Based on the general control volume, Az is positive if Point 2 is at 
a higher elevation than Point 1. 

The fourth term in Equation (19.5) is often called the energy “loss” due to friction. Of course, energy is not lost—it is just 
expended to overcome friction, and it manifests as a change in temperature. The procedures for calculating frictional losses are 
discussed later. 


The last term in Equation (19.5) represents the shaft work, that is, the work done on the system (fluid) by a pump or compressor 
or the work done by the system on a turbine. These devices are not 100% efficient. For example, more work must be applied to 
the pump than is transferred to the fluid, and less work is generated by the turbine than is expended by the fluid. In this book, 
work is defined as positive if done on the system (pump, compressor) and negative if done by the fluid (turbine). This 
convention is consistent with the flow of energy in or out of the system; however, many textbooks use the reverse sign 
convention. Equipment such as pumps, compressors, and turbines are described in terms of their power, where power is the rate 
of doing work. Therefore, a device power (W,, energy/time) is defined as the product of the mass flowrate (mass/time) and the 
shaft work (energy/mass): 


W, = mw, (19.9) 


When efficiencies are included, the last term in Equation (19.5) becomes 


Ws 
nW, = 2 pump/compressor (19.10) 
Ws _ Ws ; 
i aes turbine (19.11) 


Example 19.2 

Water in an open (source or supply) tank is pumped to a second (destination) tank at a rate of 5 lb/sec with the water level in the 
destination tank 25 ft above the water level in the source tank, and it is assumed that the water level does not change with the 
flow of water. The destination tank is under a constant 30 psig pressure. The pump efficiency is 75%. Neglect friction. 
Determine the required horsepower of the pump. 

Determine the pressure increase provided by the pump assuming the suction and discharge lines have the same diameter. 
Solution 

Turbulent flow in the pipes is assumed. The mechanical energy balance is 


Ws 
*— =0 (E19.2a) 


Np= 9.75 
Figure E19.2 Physical Situation for Example 19.2 


The control volume is the water in the tanks, the pipes, and the pump, and the locations of Points 1 and 2 are illustrated. The 
integral in the first term of Equation (19.2) is simplified to the first term in Equation (E19.2a), since the density of water is a 


constant. In general, the fluid velocity in tanks is assumed to be zero because tank diameters are much larger than pipe 
diameters, so the kinetic energy term for the liquid surface in the tank is essentially zero. Any fluid in contact with the 
atmosphere is at atmospheric pressure, so P; = 1 atm = 0 psig. The friction term is assumed to be zero in this problem, as stated. 
So, Equation (E19.2a) reduces to 


Ws 


P,—-P, _ 
“i +9(22 —2)—-- =0 (E19.2b) 
and 
(30-0) Ibg /in” (12 in/ft)? 32.2 ft/sec A 
62.4 Ib/ft? 32.2 ft Ib/lbş /sec? (25 — 0) ft 5 Ib/sec ~ 0 (E19.2c) 


so,W, = 628. 2 ft Ibe /sec. 


Converting to horsepower yields 


628.2 ft Ibe /sec 


e To determine the pressure rise in the pump, the control volume is now taken as the fluid in the pump. So, the mechanical 


energy balance is written between Points 3 and 4. The mechanical energy balance reduces to 


n, W, 
AP _ 2—0 (E19.2e) 
p m 
The kinetic energy term is zero because the suction and discharge pipes have the same diameter. Frictional losses are assumed to 
be zero in this example. The potential energy term is also assumed to be zero across the pump; however, since the discharge line 
of a pump may be higher than the suction line, in a more detailed analysis, that potential energy difference might be included. 
Solving 


P( Ibr /in” ) (12 in/ft)? __ 0.75(628.2 fe Ibp/sec) __ (E19.26) 
62.4 lb/ft? 5 Ib/sec 


givesA P = 40.8 lb; /in’. 


Example 19.3 

A nozzle is a device that converts pressure into kinetic energy by forcing a fluid through a small-diameter opening. Turbines 
work in this way because the fluid (usually a gas) with a high kinetic energy impinges on turbine blades, causing spinning, and 
allowing the energy to be converted to electric power. 

Consider a nozzle that forces 2 gal/min of water at 50 psia in a tube of l-in inside diameter through a 0.1-in nozzle from which 
it discharges to atmosphere. Calculate the discharge velocity. 

Solution 

The system is illustrated in Figure E19.3. It is assumed that the velocity at a small distance from the end of the nozzle is 
identical to the velocity in the nozzle, but the contact with the atmosphere makes the pressure atmospheric. 


iii x E 


a 


Figure E19.3 Illustration of Nozzle for Example 19.3 


For the case when frictional losses may be neglected, the mechanical energy balance reduces to 


P-P; uzu — 
EJ wea 0 (E19.3a) 


which yields 


u2 4(2 gal/min)( ft3 /7.48 gal)(min/60 sec) d 
2 (1/12 ft)2 


(14.7—50) Ibs /in? (12 in/ft)? 


= =0 (E19.3b) 
62.4 lb/ft 2(32.2 ft Ib/Ibs/sec”) 


SO u? = 72.4 ft/sec. For a real system, there would be some frictional losses and the actual discharge velocity would be lower 
than calculated here. 
This problem was solved under the assumption of turbulent flow. The criterion for turbulent flow is introduced later; however, 


for this system, the Reynolds number is about 2 x 10°, which is well into the turbulent flow region. 
19.1.3 Force Balance 
The force balance is essentially a statement of Newton’s law. A common form for flow in pipes is 


A(mu)= °F (19.12) 


where F are the forces on the system. The underlined parameters indicate vectors, since there are three spatial components of a 
force balance. For steady-state flow and the typical forces involved in fluid flow, Equation (19.12) reduces to 


mA (u) =F, +E, +E, +R (19.13) 


where F, is the pressure force on the system, Fg is the drag force on the system, F, is the gravitational force on the system, and 
R is the restoring force on the system, that is, the force necessary to keep the system stationary. The term on the left side of 
Equation (19.12) is acceleration, confirming that Equation (19.12) is a statement of Newton’s law. The most common 


application of Equation (19.13) is to determine the restoring forces on an elbow. These problems are not discussed here. 
19.2 FLUID FLOW EQUIPMENT 
The basic characteristics of fluid flow equipment are introduced in this section. The performance of pumps and compressors is 
dictated by their characteristic curves and, for pumps, the net positive suction head curve. The performance of these pieces of 
equipment is discussed in Section 19.5. 
19.2.1 Pipes 
Pipes and their associated fittings that are used to transport fluid through a chemical plant are usually made of metal. For 
noncorrosive fluids under conditions that are not of special concern, carbon steel is typical. For more extreme conditions, such 
as higher pressure, higher temperature, or corrosive fluids, stainless steel or other alloy steels may be needed. It may even be 
necessary, for very-high-temperature service such as for the flow of molten metals, to use refractory-lined pipes. 
Pipes are sized using a nominal diameter and a schedule number. The higher the schedule number, the thicker the pipe walls, 
making pipes with a higher schedule number more suitable for higher-pressure operations. The nominal diameter is a number 
such as 2 in; however, there is no dimension of the pipe that is actually 2 in until the diameter reaches 14 in. For pipes with a 
diameter of 14 in or larger, the nominal diameter is the outside diameter. Pipes typically have integer nominal diameters; 
however, for smaller diameters, they can be in increments of 0.25 in. At larger diameters, the nominal diameters may only be 
even integer values. Table 19.1 shows the dimensions of some schedules of standard pipe. 
Table 19.1 Dimensions of Standard Steel Pipe 

Outside Diameter Wall Thickness Inside Diameter Inside Cross-Sectional Area 


Nominal Size (i Schedule Numb 
a Size (i) in mm SE eae in mm in mm 10° ft? 104m? 


, . _, . Outside Diameter Wall Thickness Inside Diameter Inside Cross-Sectional Area 
Nominal Size (in) , Schedule Number , . 22 4.2 
in mm in mm in mm 10°ft 10°m 
1/8 0.405 10.29 40 0.068 1.73 0.269 6.83 0.040 0.3664 
80 0.095 2.41 0.215 5.46 0.025 0.2341 
1/4 0.540 13.72 40 0.088 2.24 0.364 9.25 0.072 0.6720 
80 0.119 3.02 0.302 7.67 0.050 0.4620 
3/8 0.675 17.15 40 0.091 2.31 0.493 12.52 0.133 1.231 
80 0.126 3.20 0.423 10.74 0.098 0.9059 
1/2 0.840 21.34 40 0.109 2.77 0.622 15.80 0.211 1.961 
80 0.147 3.73 0.546 13.87 0.163 1.511 
3/4 1.050 26.67 40 0.113 2.87 0.824 20.93 0.371 3.441 
80 0.154 3.91 0.742 18.85 0.300 2.791 
1 1.315 33.40 40 0.133 3.38 1.049 26.64 0.600 5.574 
80 0.179 4.45 0.957 24.31 0.499 4.641 
11/4 1.660 42.16 40 0.140 3.56 1.380 35.05 1.040 9.648 
80 0.191 4.85 1.278 32.46 0.891 8.275 
11/2 1.900 48.26 40 0.145 3.68 1.610 40.89 1.414 13.13 
80 0.200 5.08 1.500 38.10 1.225 11.40 
2 2.375 60.33 40 0.154 3.91 2.067 52.50 2.330 21.65 
80 0.218 5.54 1.939 49.25 2.050 19.05 
2 1/2 2.875 73.03 40 0.203 5.16 2.469 62.71 3.322 30.89 
80 0.276 7.01 2.323 59.00 2.942 27.30 
3 3.500 88.90 40 0.216 5.59 3.068 77.92 5.130 47.69 
80 0.300 7.62 2.900 73.66 4.587 42.61 
3 1/2 4.000 101.6 40 0.226 5.74 3.548 90.12 6.870 63.79 
80 0.318 8.08 3.364 85.45 6.170 57.35 
4 4.500 114.3 40 0.237 6.02 4.026 102.3 8.840 82.19 
80 0.337 8.56 3.826 97.18 7.986 74.17 
5 5.563 141.3 40 0.258 6.55 5.047 128.2 13.90 129.1 
80 0.375 9.53 4.813 1223 12.63 117.5 
6 6.625 168.3 40 0.280 7.11 6.065 154.1 20.06 186.5 
80 0.432 10.97 5.761 1463 18.10 168.1 
8 8.625 219.1 40 0.322 8.18 7.981 202.7 34.74 322.7 
80 0.500 12.70 7.625 193.7 31.71 294.7 
10 10.75 273.1 40 0.365 9.27 10.02 254.5 54.75 508.6 


80 0.594 15.09 9.562 242.8 49.87 463.3 


12 12.75 304.8 40 0.406 10.31 11.94 303.3 77.73 722.1 


80 0.688 17.48 11.37 288.8 70.56 655.5 
14 14 355.6 40 0.438 11.13 13.12 333.2 93.97 873.0 
80 0.750 19.05 12.50 317.5 85.22 791.7 
16 16 406.4 40 0.500 12.70 15.00 381.0 122.7 1140 
80 0.844 2144 1431 3635 111.7 1038 
18 18 457.2 40 0.562 14.27 16.88 428.8 155.3 1443 
80 0.938 23.83 16.12 4094 141.8 1317 
20 20 508.0 40 0.597 15.16 18.81 477.8 193.0 1793 
80 1.031 26.19 17.94 455.7 175.5 1630 
24 24 635.0 40 0.688 17.48 22.62 574.5 279.2 2594 
80 1.219 30.96 21.56 547.6 253.6 2356 


Source: Adapted from Geankoplis, C., Transport Processes and Separation Process Principles, 4th ed., Prentice Hall, Upper 
Saddle River, 2003 [1]; Perry, R. H., and D. Green, Perry ’s Chemical Engineers’ Handbook, 6th ed., McGraw-Hill, New York, 
1984, Section 5 [2]. 

Tubing is commonly used in heat exchangers. The dimensions and use of tubing are discussed in Chapter 20. 

Pipes are typically connected by screw threads, flanges, or welds. Welds and flanges are more suitable for larger diameters and 
higher-pressure operation. Proper welds are stronger and do not leak, whereas screwed or flanged connections can leak, 
especially at higher pressures. Changes in direction are usually accomplished by elbows or tees, and those changes in direction 
are usually 90°. 


19.2.2 Valves 
Valves are found in piping systems. Valves are about the only way to regulate anything in a chemical process. Valves serve 
several functions. They are used to regulate flowrate, reduce pressure by adding resistance, or isolate (turn flow on/off) 


equipment. 
Two common types of valves are gate valves and globe valves. Figure 19.3 shows illustrations of several common types of 
valves. 
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Figure 19.3 Common Types of Valves: (a) Gate, (b) Globe, (c) Swing Check (Reproduced by Permission from Couper, J. R. et 
al. Chemical Process Equipment: Selection and Design, 3rd ed. [New York, Elsevier, 2012] [3]) 
Gate valves are used for on/off control of fluid flow. The flow path through a gate valve is roughly straight, so when the valve is 
fully open, the pressure drop is very small. However, gate valves are not suitable for flowrate regulation because the flowrate 
does not change much until the “gate” is almost closed. There are also ball valves, in which a quarter turn opens a flow channel, 
and they can also be used for on/off regulation. 
Globe valves are more suitable than gate valves for flowrate and pressure regulation. Because the flow path is not straight, globe 
valves have a higher pressure drop even when wide open. Globe valves are well suited for flowrate regulation because the 
flowrate is responsive to valve position. In a control system, the valve stem is raised or lowered pneumatically (by instrument 
air) or via an electric motor in response to a measured parameter, such as a flowrate. Pneumatic systems can be designed for the 
valve to fail open or closed, the choice depending on the service. Failure is defined as loss of instrument air pressure. For 
example, for a valve controlling the flowrate of a fluid removing heat from a reactor with a highly exothermic reaction, the 
valve would be designed to fail open so that the reactor cooling is not lost. 
Check valves, such as the swing check valve, are used to ensure unidirectional flow. In Figure 19.3(c), if the flow is left to right, 
the swing is opened and flow proceeds. If the flow is right to left, the swing closes, and there is no flow in that direction. Such 


valves are often placed on the discharge side of pumps to ensure that there is no flow reversal through the pump. 
19.2.3 Pumps 


Pumps are used to transport liquids, and pumps can be damaged by the presence of vapor, a phenomenon discussed in Section 


19.5.2. The two major classifications for pumps are positive displacement and centrifugal. For a more detailed summary of all 
types of pumps, see Couper et al. [3] or Green and Perry [4]. 

Positive-displacement pumps are often called constant-volume pumps because a fixed amount of liquid is taken into a chamber 
at a low pressure and pushed out of the chamber at a high pressure. The chamber has a fixed volume, hence the name. An 
example of a positive-displacement pump is a reciprocating pump, illustrated in Figure 19.4(a). Specifically, this is an example 
of a piston pump in which the piston moves in one direction to pull liquid into the chamber and then moves in the opposite 
direction to discharge liquid out of the chamber at a higher pressure. There are other variations of positive-displacement pumps, 
such as rotary pumps in which the chamber moves between the inlet and discharge points. In general, positive-displacement 
pumps can increase pressure more than centrifugal pumps and run at higher pressures overall. These characteristics define their 
applicability. Efficiencies tend to be between 50% and 80%. Positive-displacement pumps are preferred for higher pressures, 
higher viscosities, and anticipated viscosity variations. 
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Figure 19.4 (a) Inner Workings of Positive-Displacement Pump, (b) Inner Workings of Centrifugal Pump ([a] Reproduced by 
Permission from McCabe, W. L. et al., Unit Operations of Chemical Engineering, 5th ed. [New York, McGraw-Hill, 1993] [5]; 
[b] Reproduced by Permission from Couper, J. R. et al., Chemical Process Equipment: Selection and Design, 3rd ed. [New 
York, Elsevier, 2012] [3]) 

In centrifugal pumps, which are a common workhorse in the chemical industry, the pressure is increased by the centrifugal 
action of an impeller. An impeller is a rotating shaft with blades, and it might be tempting to call it a propeller because an 
impeller resembles a propeller. (While there might be a resemblance, the term propeller is reserved for rotating shafts with 
blades that move an object, such as a boat or airplane.) The blades of an impeller have small openings, known as vanes, that 
increase the kinetic energy of the liquid. The liquid is then discharged through a volute in which the kinetic energy is converted 
into pressure. Figure 19.4(b) shows a centrifugal pump. Centrifugal pumps often come with impellers of different diameters, 
which enable pumps to be used for different services (different pressure increases). Of course, shutdown is required to change 
the impeller. Although standard centrifugal pump impellers only spin at a constant rate, variable-speed centrifugal pumps also 
are available. 

Centrifugal pumps can handle a wide range of capacities and pressures, and depending on the exact type of pump, the 


efficiencies can range from 20% to 90%. 

19.2.4 Compressors 

Devices that increase the pressure of gases fall into three categories: fans, blowers, and compressors. Figure 19.5 illustrates 
some of this equipment. For a more detailed summary of all types of pumps, see Couper et al. [3] or Green and Perry [4]. 


Second-Stage m a Return Guide Vanes 
5 pease z, Diffuser vane 
fhid: Skage A cy 4 Y First-Stage 


impale Impeller 


Balancing 
Piston Shaft Nut Stator blades 
Kingsbury Carbon Rings 
Thrust Bearing 


LZ 
Sheave— 
on Sal 


Impeller 


Discharge li Equalizing f 
iL Connection i 


Flywheel 


Cooling water 
jockets 


z SQ aww 


SOPRA E 


SOPPLEPIIP?. 


Piston and piston rings Pi 
(c) 

Figure 19.5 Inner Working of Compressors: (a) Centrifugal, (b) Axial, (c) Positive Displacement ([a] and [b] Reproduced by 
Permission from Couper, J. R. et al., Chemical Process Equipment: Selection and Design, 3rd ed. [New York: Elsevier, 2012]; 
[c] Reproduced by Permission from McCabe, W. L. et al., Unit Operations of Chemical Engineering, 5th ed. [New York: 
McGraw-Hill, 1993]) 
Fans provide very low-pressure increases (<1 psi [7 kPa]) for low volumes and are typically used to move air. Blowers are 
essentially mini-compressors, providing a maximum pressure of about 30 psi (200 kPa). Blowers can be either positive 
displacement or centrifugal, and while their general construction is similar to pumps, there are many internal differences. 
Compressors, which can also be either positive displacement or centrifugal, can provide outlet pressures of 1500 psi (10 MPa) 
and sometimes even 10 times that much. 
In a centrifugal compressor, the impeller may spin at tens of thousands of revolutions per minute. If liquid droplets or solid 
particles are present in the gas, they hit the impeller blades at such high relative velocity that the impeller blades will erode 
rapidly and may cause bearings to become damaged, leading to mechanical failure. The compressor casing also may crack. 
Therefore, it is important to ensure that the gas in a centrifugal compressor does not contain solids and liquids. A filter can be 
used to keep particles out of a compressor, and a packed-bed adsorbent can also be used, for example, to remove water vapor 
from inlet air. Knockout drums are often provided between compressor stages with intercooling to allow the disengagement of 


any condensed drops of liquid and are covered in more detail in Chapter 23, Section 23.2. The seals on compressors are 
temperature sensitive, so a maximum temperature in one stage of a compressor is generally not exceeded, which is another 
reason for staged, intercooled compressor systems. It should also be noted that compressors are often large and expensive pieces 
of equipment that often have a large number of auxiliary systems associated with them. The coverage given in this text is very 
simplified but allows the estimate of the power required. 

Positive-displacement compressors typically handle lower flowrates but can produce higher pressures compared to centrifugal 


compressors. Efficiencies for both types of compressor tend to be high, above 75%. 


19.3 FRICTIONAL PIPE FLOW 
19.3.1 Calculating Frictional Losses 


The fourth term in Equation (19.5) must be evaluated to include friction in the mechanical energy balance. There are different 
expressions for this term depending on the type of flow and the system involved. In general, the friction term is 


2fLu? 32 fL ù? 
ep = H = E (19.14) 
where L is the pipe length, D is the pipe diameter, and fis the Fanning friction factor. (The Fanning friction factor is typically 
used by chemical engineers. There is also the Moody friction factor, which is four times the Fanning friction factor. Care must 
be used when obtaining friction factor values from different sources. It is even more confusing, since the plot of friction factor 
versus Reynolds number is called a Moody plot for both friction factors.) The friction factor is a function of the Reynolds 
number (Re = Du p/u, where u is the fluid viscosity), and its form depends on the flow regime (laminar or turbulent), and for 
turbulent flow, fis also a function of the pipe roughness factor (e, a length that represents small asperities on the pipe wall; 
values are given at the top of Figure 19.6), which is a tabulated value. Historically, the friction factor was measured and the data 
were plotted in graphical form. Figure 19.6 is such a plot. A key observation from Figure 19.6 is that, with the exception of 
smooth pipes, the friction factor asymptotically approaches a constant value above a Reynolds number of approximately 10°. 
This is called fully developed turbulent flow, and the friction factor becomes constant and can be used to simplify certain 
calculations, examples of which are presented later. Typical values for the pipe roughness for some common materials are 


shown at the top of Figure 19.6. 
Typical Roughness (e) Values 


Cast Iron 025mm 0.001 in 
Commercial Steel 0.046mm 0.0018 in 
Drawn Tubing 0.0015mm_ 0.00006 in 
Wrought Iron 0.045mm 0.0018 in 
Galvanized Iron 0.15 mm 0.0059 in 
Plastic Omm Oin 
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Figure 19.6 Moody Plot for the Fanning Friction Factor in Pipes 
The friction factor for laminar flow is a theoretical result derivable from the Hagen-Poiseuille equation [6] and is valid for Re < 
2100. 


16 
f= =De (19.15) 


For turbulent flow, the data have been fit to equations. One such equation is the Pavlov equation ([7] [cited in Levenspiel [8]]): 


0.9 
Az = —4 logi [z$ + (52) | (19.16) 


The Pavlov equation provides results within a few percent of the measured data. There are more accurate equations; however, 
they are not explicit in the friction factor. Any of these curve fits provides significantly more accuracy than reading a graph. 
For flow in pipes containing valves, elbows, and other pipe fittings, there are two common methods for including the additional 
frictional losses created by this equipment. One is the equivalent length method, whereby additional pipe length is added to the 
value of L in Equation (19.14). The other method is the velocity head method, in which a value (K;) is assigned to each valve, 
fitting, and so on, and an additional frictional loss term is added to the frictional loss term in Equation (19.14). These terms are 
of the form 


pase (19.17) 


where the index 7 indicates a sum over all valves, elbows, and similar components in the system. If there are different pipe 
diameters within the system, the velocity in Equation (19.17) is specific to each section of pipe, and a term for each section of 


pipe must be included. It should be noted that the equivalent K; value for straight pipe (Kpipe) is given by 


Kpipe = +E (19.18) 
Tables 19.2 and 19.3 show equivalent lengths and Ķ; values for some common items found in pipe networks, for turbulent flow 
and for laminar flow, respectively. The values are different for laminar and turbulent flow. Darby [9] presents analytical 
expressions for the K values that can be used for more exact calculations. 

Table 19.2 Frictional Losses for Turbulent Flow 

Type of Fitting or Frictional Loss, Number of Velocity Frictional Loss, Equivalent Length of Straight Pipe, in Pipe 


Valve Heads, Kr Diameters, L e4 /D 
45° elbow 0.35 17 
90° elbow 0.75 35 
Tee 1 50 
Return bend 1.5 75 
Coupling 0.04 2 
Union 0.04 2 
te val i 

Gate valve, wide 0.17 9 
open 
Gate valve, half 45 225 
open 

l l i 
Globe valve, wide 60 300 
open 

l lve, half 
Globe valve, ha 9.5 475 
open 
Angle val i 

ngle valve, wide 20 100 
open 
Check valve, ball 70.0 3500 
Check valve, swing 2.0 100 


Contraction 
Contraction Ay << 
Ai 

Expansion 


0.55(1 — 47/41) 
0.55 


(1 -41/42 


27.5(1 — A>/A}) 
27.5 


50(1 — 41/42} 


Expansion A; << A21 50 


Source: From Geankoplis, C., Transport Processes and Separation Process Principles, 4th ed., (Upper Saddle River, NJ: 
Prentice Hall, 2003); Perry, R. H., and D. Green, Perry’s Chemical Engineers’ Handbook, 6th ed. (New York: McGraw-Hill, 
1984), Section 5. 

Table 19.3 Frictional Loss for Laminar Flow 

Frictional Loss, Number of Velocity Heads, Ky 


Reynolds number 50 100 200 400 1000 Turbulent 
90° elbow 17 7 2.5 1.2 0.85 0.75 

Tee 9 4.8 3.0 2.0 1.4 1.0 
Globe valve 28 22 17 14 10 6.0 
Check valve, swing 3 17 9 5.8 3.2 2.0 


Source: From Geankoplis, C., Transport Processes and Separation Process Principles, 4th ed. (Upper Saddle River, NJ: 
Prentice Hall, 2003), 99—100, citing Kittredge, C. P., and D. S. Rowley, “Resistance Coefficients for Laminar and Turbulent 
Flow Through One-Half-Inch Valves and Fittings,” Trans. ASME, 79 (1957): 1759-1766. 

Another common situation involves frictional loss in a packed bed, that is, a vessel packed with solids. One application is if the 
solids are catalysts, making the packed bed a reactor. The frictional loss term for packed beds is obtained from the Ergun 
equation, which yields a friction term for a packed bed as 


_ Lu? (1—e) | 150(1—e)u 


n ih 1.75 | (19.19) 


Dpusp 
where u, is the superficial velocity (based on pipe diameter, not particle diameter), D, is the particle diameter (assumed 
spherical here; corrections are available for nonspherical shape), and ¢ is the packing void fraction, which is the volume fraction 
in the packed bed not occupied by solids. When Equation (19.19) is used in the mechanical energy balance, one unknown 
parameter, such as velocity, pressure drop, or particle diameter, can be obtained. 

For incompressible flow in packed beds, the Ergun equation, Equation (19.19), is used for the friction term in the mechanical 


energy balance. 
For the expansion and contraction losses, A; is the cross-sectional area of the pipe, subscript 1 is the upstream area, and subscript 


2 is the downstream area. 

19.3.2 Incompressible Flow 

19.3.2.1 Single-Pipe Systems 

Incompressible flow problems fall into three categories: 


Any parameter unknown in the mechanical energy balance other than velocity (flowrate) or diameter 

Unknown velocity (flowrate) 

Unknown diameter 

For turbulent flow problems with any unknown other than velocity (or flowrate) or diameter, in the mechanical energy balance, 
Equation (19.5), there is a second unknown: the friction factor. The friction factor can be calculated from Equation (19.15). The 


solution method can use a sequential calculation, solving Equation (19.5) for the unknown once the friction factor is calculated. 
If there are valves, elbows, and so on, the length term in Equation (19.15) can be adjusted appropriately or Equation (19.17) can 


be used. Alternatively, Equations (19.14) and (19.16) can be solved simultaneously to yield all the unknowns. Example 19.5 


shows both of these calculation methods. For laminar flow problems, Equation (19.15) can be combined with Equation (19.14) 
in the mechanical energy balance to solve any problem analytically. 

For turbulent flow, if the velocity is unknown, Equations (19.5) and (19.15) must be solved simultaneously for the velocity or 
flowrate and the friction factor. When solving for a velocity directly, if the pump work term must be included, it is necessary to 
express the mass flowrate in terms of velocity. If solving for the volumetric flowrate, the second equality in Equation (19.13) 
must be used, and if a kinetic energy term is required in the mechanical energy balance, the velocities must be expressed in 
terms of volumetric flowrate. In the friction factor equation, the Reynolds number also needs to be expressed in terms of the 
volumetric flowrate as follows: 


Re = Due — Peis _ Dp s _ s (19.20) 
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For laminar flow, an analytical solution is possible simply by using Equation (19.14) for the friction factor in the mechanical 
energy balance. 
For turbulent flow, if the diameter is unknown, Equations (19.5) and (19.13) (second equality involving flowrate and diameter 


to the fifth power) must be solved simultaneously, using Equation (19.20) for the Reynolds number. For laminar flow, an 
analytical solution may once again be possible by using Equation (19.12) for the friction factor in the mechanical energy 


balance. If kinetic energy terms are involved, an unknown diameter will appear when expressing velocity in terms of flowrate. If 
minor losses are involved, the equivalent length will include a diameter term, and the K-value method will include a diameter in 
the conversion between flowrate and velocity. 

Examples 19.4 and 19.5 illustrate the methods for solving these types of problems. 

Example 19.4 

Consider a physical situation similar to that in Example 19.2. The flowrate between tanks is 10 lb/sec. The source-tank level is 
10 ft off of the ground, and the discharge-tank level is 50 ft off of the ground. For this example, both tanks are open to the 
atmosphere. The suction-side pipe is 2-in, schedule-40, commercial steel, and the discharge-side pipe is 1.5-in, schedule-40, 
commercial steel. The length of the suction line is 25 ft, and the length of the discharge line is 60 ft. The pump efficiency is 
75%. Losses due to fittings, expansions, and contractions may be assumed negligible for this problem. 

Determine the required horsepower of the pump. 

Determine the pressures before and after the pump. 

Solution 

The physical situation is depicted in Figure E19.4. 


np = 0.75 


Figure E19.4 
For the control volume of the fluid in both tanks, the pipes, and the pump, the mechanical energy balance reduces to 


Ws 
w * 0 (E19.4a) 
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gAz4 €f, suct + Cf, disch 


The pressure term is zero, because both tanks are open to the atmosphere (P; = P2 = 1 atm). The kinetic energy term is zero, 
because the velocities of the fluid at the surfaces of both tanks are assumed to be zero. There are two friction terms, one for the 
suction side of the pump and one for the discharge side of the pump, because the friction factors are different due to the different 
pipe diameters. 

To calculate the friction terms, the Reynolds numbers must be calculated first for each section to determine whether the flow is 
laminar or turbulent. Since a temperature is not provided, the density is assumed to be 62.4 lb/ft, and the viscosity is assumed 
to be 1 cP = 6.72 x10 Ib/ft/sec. Using Table 19.1 for the schedule pipe diameter and cross-sectional area, the Reynolds number 
for the suction side is 


10 Ib/sec 3 
2. 12 ——————— | (62.4 lb/f 
a) ( (0.0233 ft?) (62.4 1b/#t3) ( if ) 


Dup 
= = IY) E19.4 
Re m 6.72x10741b/ft /sec 0,000 (E19.4b) 
Similarly, the Reynolds number for the discharge side is 141,200. Therefore, the flow is turbulent in both sections of pipe. The 
friction factor is now calculated for each section of pipe. For the suction side, with commercial-steel pipe (e = 0.0018 in from 


the top of Figure 19.6), 


0.9 
— 0.0018 i 6.81 
pe —4 logig ta a (855) | (E19.4c) 


SO fouct = 9.0054. Similarly, fiisen = 0.0055. Now, the mechanical energy balance on the entire system is used to solve for the 
pump power: 


2 
2(0.0054)(25 ft) (cotta | 


(32.2 ft/sec”) (40 ft) (0.0283 £2) (62.4 1b/#3 


32.2 ft Ib/Ib; /sec” 2.067 f) (32.2 ft Ib/Ib; /sec” 
(aaa) ( , a (E19.4d) 
10 Ib/sec 
n eae »( (0.01414 #2) (62.4 1/83) ) __ (0.75)W,, (550 ft Ib;/sec/hp) __ 0 
(22.40) (32.2 ft 1b/tb,/sec”) (10 Ib/sec) 


Solving Equation (E19.4d) gives W, = 1. 5 hp. If the contribution of each term is enumerated, 0.97 hp is to overcome the 
potential energy and 0.48 hp is to overcome the discharge line friction, with 0.056 hp to overcome the suction line friction. 
Generally, potential energy differences and pressure differences are more significant than frictional losses. 

e To obtain the pressure on the suction side of the pump, the mechanical energy balance is written on the control volume of the 
fluid in the tank and pipes before the pump. 
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So, P3 = 17.7 psi. It is observed that the height change in the potential energy term is negative, since the point at the pump 
entrance is below the liquid level in the tank, noting that the z-coordinate system is positive in the upward direction. 

There are two ways to obtain the discharge-side pressure. One is to solve the mechanical energy balance on the control volume 
between Points 4 and 2. The other method is to write the mechanical energy balance on the fluid in the pump (pressure, kinetic 
energy, and work terms) to obtain the pressure rise in the pump. Both methods give the same result of P4 = 28.9 psi. 

The discharge line of a pump is at a slightly higher elevation than the suction line, as illustrated. This height difference is small 
and is neglected in this analysis. 

Example 19.5 

Determine the required horsepower of the pump in Example 19.4 if the presence of one 90° elbow and one wide-open gate valve 
in the suction line and one wide-open gate valve, one half-open globe valve, and two 90° elbows in the discharge line are 
included. 

Solution 

The solution to this problem starts with Equation (E19.4d). Friction terms must be added for each item in each section of pipe. 
Using the equivalent length method for the suction line, Leg = 25 ft + (2.067/12 ft) (35 + 9 + 27.5) = 37.3 ft, where the 
equivalent length terms for the elbow, gate valve, and contraction upon leaving the source tank, respectively, are obtained from 
Table 19.2. For the discharge line, L4 = 60 ft + (1.61/12 ft) [2(35) + 9 + 475 + 50] = 141.04 ft, where the equivalent length terms 
are for the two elbows, gate valve, globe valve, and expansion upon entering the destination tank, respectively. In terms of 
friction, these items add significantly to the frictional losses, especially the half-open globe valve in the discharge line. The 
result is that Ws = 2.71 hp. 

It is also possible to use the velocity heads method. For the suction side, once again referring to Table 19.2, S,K; = 0.75 + 0.17 + 
0.55 = 1.47, so a term of 1.474? /2/32.2 is added to the mechanical energy balance. For the discharge side, K = 2(0.75) + 
0.17+ 9.5 + 1 = 12.17, so a term of 12.17u2 / 2/32. 2 is added to the mechanical energy balance. The result is 2.12 hp, which 
illustrates that the two methods do not give exactly the same results. The difference is because both methods are empirical and 
are subject to uncertainties. Either method is within the typical tolerance of a design specification. To provide flexibility and 
since pumps are typically available at fixed values, at least a 3 hp pump would probably be used here, and valves would be used 
to adjust the flowrate to the desired value. 

Example 19.6 

A fuel oil (u = 70 x 10° kg/m/s, SG = 0.9) is pumped through 2.5-in, schedule-40 pipe for 500 m at 3 kg/s. The discharge point 
is 5 m above the inlet, and the source and destination are both at 101 kPa. If the pump is 80% efficient, what power is required? 
Solution 

The situation is shown in Figure E19.6. 


5m 


Np = 0.80 
Figure E19.6 
The control volume is the fluid in the pipe between the source and destination. The mechanical energy balance contains only the 
potential energy, friction, and work terms, since there is only one pipe (velocity constant) and since the pressures are identical at 
the source and destination. The mechanical energy balance is 
pW 


m 


gAz +t ef — =0 (E19.6a) 


As in Example 19.4, the Reynolds number should be calculated first: 


(0.06271 m) mé~_ | (900 kg/m* ) 


(0.003089 m?) (200 kg/m? 
Re = 2 s O OU _ 879 (E19.6b) 
H 70x 10-%kg/m/s 
Therefore, the flow is laminar, and the friction factor f= 16/Re. A hint that the flow might be laminar is that the fluid is 70 times 
more viscous than water. This emphasizes the need to check the Reynolds number before proceeding. 


The mechanical energy balance is then 


2 
/s 
2( (500 m (ee) ; 
(0.003089 m2)(900 kg/m3) 0.8Ws 
(9.8 m/s’ )(5 m) + ———— i ~ Figs = 9 (E19.6c) 


which gives W, = 1464 W. 

Example 19.7 

Water flows from a constant-level tank at atmospheric pressure through 8 m of 1-in, schedule-40, commercial-steel pipe. It 
discharges to atmosphere 4 m below the level in the source tank. Calculate the mass and volumetric flowrates, neglecting 
entrance and exit losses. 

Solution 

Since the flowrate is unknown, the velocity is unknown, so the Reynolds number cannot be calculated, which means that the 
friction factor cannot be calculated initially. A simultaneous solution of the friction factor equation and the mechanical energy 
balance is necessary. Since the fluid is water, turbulent flow will be assumed, but it must be checked once the velocity or 
flowrate has been calculated. 

The control volume is the fluid in the tank and the discharge pipe. In Figure E19.7, Point 1 is the level in the tank, which is at 
zero velocity, and Point 2 is the pipe discharge to the atmosphere. 


1 
4m 


Figure E19.7 
The mechanical energy balance reduces to 


2 


2 fl ua u3 


2f(8 m)u2 
D =0=} = (9.8 m/s’) (—4m) + 2 


0.02664 m 


2 
“a 
2 +gAz+ (E19.7a) 


and the friction factor is 


A 
ps 


0.9 
_ 4.6x10->m 6.81(10~?kg/m/s) 
= —4log1o EE m) | = m)(ug)(1000 2) (E19.7b) 


Equations (E19.7a) and (E19.7b) are solved simultaneously to give f= 0.0062 and uz = 3.04 m/s. Using the relationships 
between velocity, volumetric flowrate, and mass flowrate, the results are Ùs = 1.69 x 10-3 m3 /sandm = 1.69 kg/s. 
Now, the Reynolds number must be checked using the calculated velocity, and Re = 80,960, so the turbulent flow assumption is 
valid. 

Example 19.8 

Number 6 fuel oil (u = 800 cP, p = 62 lb/ft?) flows in a 1.5-in, schedule-40 pipe over a distance of 1000 ft. The discharge point 
is 20 ft above the inlet, and the source and discharge are both at 1 atm. A 15 hp pump that is 75% efficient is used. What is the 


flowrate in the pipe? 
Solution 
The mechanical energy balance reduces to 
ù? Ws 
gAz+ #7 _ ®* -0 (E19.8a) 


72D poo 


The friction expression is in terms of the volumetric flowrate, and in the third term, the mass flowrate in the denominator is also 
expressed in terms of the volumetric flowrate. The volumetric flowrate is the unknown variable. Given the high viscosity, 
laminar flow is assumed. This assumption must be checked once a flowrate is calculated. For laminar flow, since f= 16/Re, 
Equation (E19.8a) becomes 

32102 16mDu Ws 


mD> 4up pù 


gAz+ =0 (E19.8b) 


where the fourth equality in Equation (19.20) is used for the Reynolds number. All terms are known other than the volumetric 
flowrate, so 


128(1000 ft)(800 cP)(6.72x10~ lb/ft /sec/cP)ù 


32.2 ft/sec” (20 ft) + a 
n(n) (62 lb/ft?) 


Pa (E19.8c) 
__ 0.75(15 hp)(550 ft Ib,/sec/hp) (32.2 ft Ib/Ibg /sec”) 0 
6(62 lb/ft?) 
The solution is ù = 0.054 ft? /sec. Checking the Reynolds number, 
P 3 3 
Re — sop = 4(0.054 ft” /sec)(62 lb/ft”) — 59.1 (E19.8d) 
nee z( wee ) (800 cP) (6.72 10~“Ib/ft/sec/cP) 


so the flow is indeed laminar. 
19.3.2.2 Multiple-Pipe Systems 
For complex, multiple-pipe systems, including branching or mixing pipe systems, as illustrated in Figure 19.7, there are two sets 


of key relationships. 


2 
(b) 
Figure 19.7 Multiple Pipe Systems: (a) Pipes of Different Diameters in Series, (b) Pipes of Different Diameters in Parallel 


For pipes in series, the mass flowrate is constant and the pressure differences are additive: 
my = the = thg (19.21) 
AP = AP, + AP, + AP; (19.22) 
For pipes in parallel, the mass flowrates are additive and the pressure differences are equal: 
mh = Thy + thy = Ths (19.23) 
AP, = AP, = AP; (19.24) 


Equation (19.21) is just the mass balance; the mass flowrate through each section must be constant. Equation (19.22) just means 
that the pressure drops in all sections in series are additive. 
In the case of parallel flow, Equation (19.23) means that the mass flowrates in and out of the parallel section are additive, since 


mass must be conserved. Equation (19.24) means that the pressure drops in parallel sections are equal. This is because mixing 
streams must be designed to be at the same pressure, or the flowrates will readjust so the pressures at the mixing point are 
identical. This concept is discussed in more detail later. 

The solution method is to write all of the relevant equations, including the mechanical energy balance, friction factor expression, 
and mass balance, along with the appropriate constraints from Equations (19.21) through (19.24), and solve the equations 


simultaneously. It is understood that this method applies to any number of pipes in series or parallel. 

Example 19.9 

Water flows through a pipe, splits into two parallel pipes, and then the fluids mix into another single pipe, as in Figure 19.7(b). 
All piping is commercial steel. The equivalent length of Branch 1 is 75 m, and the equivalent length of Branch 2 is 50 m. The 
elevation at the split point is the same as the elevation at the mixing point. Branch 1 is 2-in, schedule-40 pipe, and Branch 2 is 
1.5-in, schedule-40 pipe. The pressure drop across Branch 1 is fixed at 100 kPa. Determine the volumetric flowrate in each 
branch and the total volumetric flowrate. What information could be obtained if the pressure drop was not provided? 

Solution 

The mechanical energy balance for both sections reduces to 


AP af, Liu? 
P D; 


=0 (E19.9a) 


where the subscript 7 denotes a parallel section of pipe. The kinetic energy terms are not present in Equation (E19.9a) because 
the control volume is the parallel pipes not including the feed pipe, the mixing point, the split point, and the discharge pipe. 
There are four unknowns, the friction factor and velocity in each section. The mechanical energy balance for each section is 
Equation (E19.9a), and there are two expressions for the friction factor, so the problem can be solved. Because the two branches 


are in parallel and then mix, the pressure drop in each section is the same, as shown in Equation (19.24), and it is negative, since 
the downstream pressure is less than the upstream pressure. Initially, turbulent flow will be assumed. The equations are 


—100,000 Pa 2f, (75 m)uz 


1000 kg/m? + 00535 =0 (E19.9b) 


-100,000 Pa, 2f2(50m)u5 
1000 kg/m? 0.04089 m 


0.9 
6x10>m 6.81(10~*kg/m/s) 
-Ł = —4logip | L6 r10 (, a -) (E19.9d) 


=0 (E19.9c) 


P 3.7(0.0525 m) ' \ (0.0525 m)(u1)(1000 kg/m? 


0.9 
Te 4.6x10 -5m 6.81(10~kg/m/s) 
foe = 4 logy ee m) + (2 m)(u)(1000 2) | (E19.9e) 


Solving Equations (E19.9b) to (E19.9e) simultaneously gives f; = 0.0053, u; = 2.57 m/s, f2 = 0.0056, uz = 2.69 m/s. The 
volumetric flowrates are ù} = 0.0056 mê /s and tz = 0.0035 m? /s. While Branch 2 is shorter, the smaller diameter has a 
stronger effect on the friction, as seen by the fifth-power dependence in Equation (19.14), so Branch 2 has a smaller flowrate. 
Finally, the Reynolds numbers must be calculated to prove that the flow is turbulent. The results are Re; = 134,700, and Rez = 


110,160, so the flow is indeed turbulent. 
When streams mix, the pressure will be the same. If a pipe system is designed such that the pressures at a mixing point are not 


the same, the flowrates will adjust (as illustrated in Example 19.9) to make the mixing-point pressures identical, and the 
flowrates will not be as designed. This is important because steady-state process simulators allow streams to be mixed at 
different pressures, and the lowest pressure is taken as the outlet pressure unless an outlet pressure or a mixing-point pressure 
drop is specified. Just because steady-state process simulators allow this to be done does not make it physically correct. Valves 


are used to reduce higher pressures to make the pressures equal at a mixing point. When using simulators, it is the user’s 
responsibility to include appropriate devices to make the simulation correspond to reality. 
19.3.3 Compressible Flow 
For compressible flow, the integral in the mechanical energy balance in Equation (19.5) must be evaluated, since the density is 
not constant. There are two limiting cases for frictional flow through a pipe section: isothermal flow and adiabatic flow. For 
isothermal flow of an ideal gas, the density is expressed as 

PM 
where M is the molecular weight, and the integral can be evaluated. For adiabatic, reversible flow of an ideal gas, the 
temperature in Equation (19.25) is expressed in terms of pressure to evaluate the integral in Equation (19.5) using a relationship 


obtained from thermodynamics: 


yi 
where 
J= - (19.27) 


where C, and C, are the constant pressure and constant volume heat capacities, respectively. The results are expressed in terms 
of the superficial mass velocity, G. For isothermal, turbulent flow, the result, presented without derivation, is 


2f Le? 


a =0 (19.28) 


M P 
2 (P2 — P?)+G? n (#) a 


which can be solved for an unknown pressure, superficial mass velocity (G), diameter (by expressing superficial mass velocity 
in terms of diameter), or length. For isothermal, laminar flow, the result is 


16uLeg 
D? 


ETO a92 


Equation (19.29) is a quadratic in G, or if G is known, any other variable can be found. For adiabatic, turbulent flow, the result 
is 


y+1 
gi M 2 P. a 2fLeq 1 P. — 
LAP j- (2) — 2a Lp (2) =0 (19.30) 


For compressible flow in packed beds, the Ergun equation, Equation (19.19), is used for the friction term, and the pressure term 


in the mechanical energy balance is integrated assuming either isothermal or adiabatic flow. For isothermal flow, the result is 


M 2 2 L(1—e) [ 1504(1—e€) _ 
(P - PP) + So | +-1.75] =0 (19.31) 


where subscript 1 is upstream and subscript 2 is downstream. Quite often, it is stated that the mechanical energy balance for 
packed beds, which is the Ergun equation in Equation (19.19), can be used for gases as long as the pressure drop is less than 


10% of the average pressure. However, with the computational tools now available, there is really no need for that 
approximation. 
In Equations (19.28) through (19.33), it is assumed that the flow is in a pipe; therefore, there is no work term. The potential 


energy term is neglected because it is generally negligible for gases due to their low density. 

19.3.4 Choked Flow 

In evaluating the flow of compressible fluids, there exists a limit for the maximum velocity of the fluid (gas), that is, the speed 
of sound in the fluid. As an example, consider a pressurized gas in a supply tank (Tank 1) that is connected to a destination tank 
(Tank 2) via a pipe. Initially, Tank 1 and Tank 2 are at the same pressure, so no gas flows between them. Gradually, the pressure 
in Tank 2 is reduced and gas starts to flow from Tank | to Tank 2. It seems logical that the lower the pressure in Tank 2, the 
higher the gas flow rate is and the higher is the velocity of gas entering Tank 2. However, at some critical pressure for Tank 2, 
P; , the flow of gas into Tank 2, reaches sonic velocity (the speed of sound). Decreasing the tank pressure below this critical 
pressure has no effect on the exit velocity of the gas entering Tank 2; that is, it remains constant at the speed of sound. This 
phenomenon of choked flow occurs because the change in downstream pressure must propagate upstream for the change in flow 


to occur. The speed at which this propagation occurs is the speed of sound. Thus, when the gas velocity is at the speed of sound, 
any further decrease in downstream pressure cannot be propagated upstream, and the flow cannot increase further. Therefore, 
there is a critical (maximum) superficial mass velocity of gas, G*, that can be transferred from Tank 1 to Tank 2 through the 
pipe. The relationships for critical flow in pipes under turbulent flow conditions are as follows: Isothermal flow: 


Ge 2 Pip (19.32) 
and 
Af Le P 2 P 
at = ($) 2In (>) 1 (19.33) 


Adiabatic flow: 


* \ (y+1)/2 
cee a (09.34) 
and 
4fLe P, \ (14+1)/7 P 
D = T (2) ~ | E zm (=) es) 


When evaluating compressible flows, a check for critical flow conditions in the system should always be done. Usually, critical 
flow is not an issue when P3 > 0.5P, but it is always a good idea to check. The use of Equations (19.32) through (19.35) is 
illustrated in Example 19.10. 

Example 19.10 

A fuel gas has an average molecular weight of 18, a viscosity of 10> kg/m s, and a y value of 1.4. It is sent to neighboring 
industrial users through 4-in, schedule-40, commercial-steel pipe. One such pipeline is 100 m long. The pressure at the plant exit 
is 1 MPa, and the required pressure at the receiver’s plant is 500 kPa. It is estimated that the gas maintains a constant 
temperature of 75°C over the entire length of 100 m. Estimate the volumetric flowrate of the fuel gas, metered at 1 atm and 
60°C. 

Solution 


The conditions for critical flow should be checked first, and this requires the simultaneous solution of Equations (19.32) and 
(19.33) to find Py . An approximation can be made by assuming that the flow is fully developed turbulent and then checking 


this assumption. For fully developed turbulent flow, from Equation (19.16), 


e : 5m 
ais = —4logio Fea = —4log | ee | = f = 0.00408 (E19.10a) 


Substituting in Equation (19.33) gives 


4fLeq 4(0.00408)(100) _ (2 


2 A 
D (0.10226) =) 2m (5) 1 (E19.10b) 


Solving gives P* = 223.9 kPa < 500 kPa; therefore, the flow is not choked. The actual friction factor is within a few 


percent of that calculated in Equation (E19.10a), and this difference does not affect the result regarding whether the flow is 
choked. 
Equation (19.28) can now be solved for the superficial mass velocity: 


2 fLeq Py 
D (7) 


All terms in Equation (E19.10c) are given other than the friction factor, which must be calculated. So, 


0.5 
M_(p2_p2 
G= Ea (E19.10c) 


18 kg/kmol 
G= 2(8314 m3Pa/kmol/K)(348 K) 


2f(100 m) ( 1MPa ) 
0.10226 m 0.5MPa 


((108 Pa)”—(6x105Pa)”) 
(E19.10d) 


The friction factor, using the e value for commercial steel at the top of Figure 19.6, is 


0.9 
1 4.6x10 7m 6.81(10~° kg/m/s) 
pos Alogio E m) T ( (0.10226 m)G ) | (E19.10e) 


where the Reynolds number is expressed as DG/u. Equations (E19.10d) and (E19.10e) can be solved simultaneously for G. A 
possible approximation is to assume fully turbulent flow, as was done when checking for choked flow. In that case, the 
Reynolds number in the Pavlov equation is assumed to be large, so the friction factor asymptotically approaches a value 
calculated from only the roughness term. In this case, f= 0.004077. Then, from Equation (E19.10d), G = 518.8 kg/m’s. 
Simultaneous solution of Equations (E19.10d) and (E19.10e) yields f= 0.00411 and G = 516.7 kg/m’, so the fully turbulent 
approximation is reasonable, even though an exact solution is possible. The Reynolds number is DG/u = 5.28 x 10°, which, 
from Figure 19.6, is in the fully turbulent, constant-friction-factor region. 

Since G = m j A = pù / A, using the exact solution, with the density calculated using the ideal gas law p = PM/RT, 


__ (516.7 kg/m?/s)(0.0082124 m?) __ 3 
u= ( 101,325 Pa(18 kg/kmol) ) = 6.44m /s (E19.10f) 


8314 m3Pa/kmol/K(333 K) 


It is observed that the temperature and pressure used to calculate the density in Equation (E19.10d) are not the conditions in the 
pipeline, because the flowrate required is at 1 atm and 60°C. Since the density of gases is a function of temperature and pressure 
obtained through an equation of state, a volumetric flowrate must have temperature and pressure specified. In the gas industry, 
where American Engineering units are common, the standard conditions, known as standard cubic feet (SCF), are at 1 atm and 
60°F. 

If the second tank were at a pressure of iy = 223.9 kPa or less, then the superficial mass velocity would be at its maximum 
value, given by Equation (19.32) (where pı = 6.5016 kg/m*): 


aN 223,900 
CG => /Pin = E a (10°) (6.5016) = 570.9 kg/m’ /s 
1 


19.4 OTHER FLOW SITUATIONS 
19.4.1 Flow Past Submerged Objects 


Objects moving in fluids and fluids moving past stationary, submerged objects are similar situations that are described by the 
force balance. When an object is released in a stationary fluid, it will either fall or rise, depending on the relative densities of the 
object and the fluid. The object will accelerate and reach a terminal velocity. The period of acceleration is found through an 
unsteady-state force balance, which is 

m& = — (ps — p) gV+ Farag (19.36) 
where p, is the object density, and p is the fluid density. For solid objects, the density difference most likely will be positive, so 
the object moves downward due to gravity and the drag force resists that motion—hence the opposite signs of the two terms on 
the right-hand side of Equation (19.36). However, for a gas bubble in a liquid, for example, the density difference is negative, so 
the bubble rises and the drag force resists that motion. Since velocity is generally defined as being positive moving away from 
gravity, because that is the positive direction of the coordinate system, the signs reconcile. 
For a sphere, the mass is 


3 
m= p,V = p, "Z (19.37) 


where D, is the sphere diameter, and the volume is defined in Equation (19.37). The drag force on an object is defined as 


2 u? rD? 
Farag = Cp Aa — Cy > 2 (19.38) 


where Cp is a drag coefficient that may be thought of as an analog to the friction factor, Apro; is the projected area normal to the 
direction of flow, and u is the velocity of the object relative to the fluid. For a sphere, the projected area is that of a circle, as 
shown in the second equality of Equation (19.38). For a cylinder with transverse flow, this area is that of a rectangle. Equation 


(19.37), Equation (19.38), and the volume of a sphere may be substituted into Equation (19.36), and integration between the 


limits of zero velocity at time zero and velocity u at time ¢ yields the transient velocity. The transient velocity approaches the 
terminal velocity at £ — œ, which can also be obtained by solving for velocity in Equation (19.36) when du/dt = 0, that is, at 
steady state, when the sum of the forces on the object equal zero. The terminal velocity is 


_ A(p,—p)gDs 


An expression for the drag coefficient is now needed, just as an expression for the friction factor was needed for pipe flow. 


Similar to pipe flow, there are different flow regimes with different drag coefficients. The Reynolds number for a sphere is 
defined as Re = D,u; p/u, where the density and viscosity are always that of the fluid, and if Re << 1, which is called creeping 
flow, this is the Stokes flow regime. Stokes’ law, which is a theoretical result, states that the drag force in Equation (19.36) is 
defined as 


Fy = 3mpDsuy (19.40) 


which yields 


Cp = + (19.41) 


Stokes’ law must be applied only when it is valid, even though its use makes the mathematical results much simpler. In addition 
to the Reynolds number constraint, the assumptions involved in Stokes’ law are a rigid sphere and that gravity is the only body 
force. An example of another body force is electrostatic force; therefore, Stokes’ law may fail for charged objects. Theoretically, 
there are two drag force components for flow past an object. This is based on the concept that drag is manifested as a pressure 
drop. Form drag is caused by flow deviations due to the presence of the object. Since the fluid must change direction to flow 
around the object, energy is “lost,” which is manifested as a pressure drop. Frictional drag is analogous to that in a pipe and is 
due to the contact between the fluid and the object. In Equation (19.40), two-thirds of the total is due to frictional drag and one- 
third is due to form drag. 

Experimental data are usually used as a means to determine the drag coefficient. There are curve fits for the intermediate region, 
between creeping flow and the constant value observed for 1000 < Re < 200,000. Haider and Levenspiel [11] provide a curve fit 
to the data for all values of Re < 200,000: 


_ 24 0.3471 , _0.4601R 
Cp = ke + 3.3643Re + Re 5 (19.42) 


and these results are plotted in Figure 19.8. 
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Figure 19.8 Drag Coefficient Dependence on Reynolds Number; the Dotted, Straight Line Is the Creeping Flow Asymptote 
(From Haider, A and O. Levenspiel, “Drag Coefficient and Terminal Velocity of Spheres and Nonspherical Particles,” Powder 
Technol. 58 (1989): 63-70, Equation [19.42]) 
Equation (19.42) is not convenient for solving the terminal velocity of a sphere falling in a fluid because an iterative solution is 
required (see Example 19.11). However, this equation may be reformulated in terms of two other dimensionless variables, uf 


and D*: 
1/3 
f 3 Cp u(p,—p5)9 
1/3 
1/3 Ps Ps—Ps )9 
D* = (cpRe?) = Dep fed (19.44) 
and 
-1 
+ — |8 p 0.591 19.45 
a= [+ oe (19.45) 


If the properties of the fluid and particle are known, then D* can be calculated using Equation (19.44), and then Equation 


(19.45) can be used to determine Už, and finally u; can be calculated from Equation (19.43). This is illustrated in Example 
I. 

Example 19.11 

In a particular sedimentation vessel, small particles (SG = 1.2) are settling in water. The particles have a diameter of 0.2 mm. 
What is the terminal velocity of the particles? 

Solution 


Since the particles are small, creeping flow will be assumed initially. Substituting Equation (19.41) into Equation (19.39) yields 


gD" (p,—p) _ (98 m/s”)(2x10~* m)*(200 kg/m?) 


me 18(10 *ke/m/s) = 0.0044 m/s (E19.11a) 


Ut = 


Checking the Reynolds number, 


(2x10~4 m)(0.0044m/s)(1000 kg/m?) 


Re = 3 
107? kg/m/s 


= 0.87 (E19.11b) 


which is not in the creeping flow regime. Therefore, simultaneous solution of Equations (19.39) and (19.42) is required, and the 
result is u; = 0.0039 m/s and Re = 0.78. 
Alternatively, using Equations (19.43), (19.44), and (19.45), 


(E19.11c) 


1/3 
D* = (2x 10m) eee — 9.504 
(1x1073) 


-1 -1 
„x | 18 | 0.591 = 18, 0.591 
už = E H aa E } a] = 0.3082 (E19.11d) 
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Up = Ut => ut = uj 


u(p.-ey) 9 o 
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= 1/3 
(1x10 al — 0.00385 m/s 


(1000)? 


u; = (0.3082) | 


For Re > 2 x 105, the phenomenon called boundary layer separation occurs. The drag coefficient in this region is Cp = 0.22. 
With the exception of the boundary layer separation region, Figure 19.8 has about the same shape as Figure 19.6. For low 
Reynolds numbers, the friction factor and drag coefficient are both inversely proportional to the Reynolds number, though the 
exact proportionality is different. For large Reynolds numbers, what is generally called fully turbulent flow, the friction factor 
and drag coefficient both approach constant values. 

For nonspherical particles, the determination of the drag coefficient and terminal velocity is more complicated. A major 
challenge is how to account for particle shape. One method is to define the shape in terms of sphericity. Sphericity is defined as 


oe surface area of sphere 
Sphericity =V= (== area of particle 


(19.46) 


) same volume 


Then, the diameter of a sphere with the same volume as the particle, d,, is calculated and used in place of the diameter in 
Equations (19.37) through (19.42). Care is needed when using sphericity, since particles with quite different shapes but similar 


sphericities may behave quite differently when falling in a fluid. 
Example 19.12 

Determine the sphericity and D, of a cube. 

Solution 

Call the dimension of the cube x. Therefore, D,, is obtained from 


3 
—=2° (E19.12a) 
623 1/3 
D, = (=) = 1.2412 (E19.12b) 
and the sphericity is 
nD2 (1.2412)? 


Voube = = = 0.806 (E19.12c) 


6x2 6x2 


Haider and Levenspiel (1989) have provided a curve fit for previously published experimental data, which were taken for 
regular geometric shapes. The drag coefficient for different sphericities is illustrated in Figure 19.9, and the curve-fit equation is 


Op = 2 [1 + (8.1716e~ 4.0655" ) Re?-0964 dl 4 eee (19.47) 
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Figure 19.9 Drag Coefficient Dependence on Reynolds Number and Sphericity from Haider and Levenspiel (1989), Equation 
(19.47) 
whereRe = D,uz p/p. 


The equivalent expression in terms of D* and u;* is given as 
t 


„fas, 2335-1750] ith =D ps (les-ezl)s e (19.48) 
Hor oe | MET | 


where D,, is the diameter of a sphere with the same volume as the particle. 

Equation (19.39) can be solved for one unknown by using either Equation (19.41) or Equation (19.42) for the drag coefficient. 
For example, the viscosity of a fluid can be determined by measuring the terminal velocity of a falling sphere. Or, the terminal 
velocity of an object can be determined if all of the fluid and particle physical properties are known. If the Reynolds number is 
unknown, then the flow regime is unknown. Therefore, depending on the type of problem being solved, judgment may be 
needed to assume a flow regime, the assumption must be checked, and iterations may be required to get the correct answer. 


19.4.2 Fluidized Beds 


If fluid flows upward through a packed bed, at a high enough velocity, the particles become buoyant and float in the fluid. For 
this condition, the upward drag on the particles is equal to the weight of the particles and is called the minimum fluidization 
velocity, and the particles are said to be fluidized. This is one reason why flow through packed beds is usually downward. The 
benefits of fluidization are that once the particles are fluidized, they can circulate and the bed of solids mixes. If the upward 
fluid velocity is sufficiently high, then the bed of particles becomes well mixed (like a continuous stirred tank reactor) and 
approaches isothermal behavior. For highly exothermic reactions, this property is very desirable. Fluidized beds are often used 
for such reactions and are discussed in Chapter 22, “Reactors.” Fluidized beds are also used in drying and coating operations 
where the movement of solids is desirable to increase heat and/or mass transfer. As the fluid velocity upward through the bed of 
particles increases, the mixing of particles becomes more vigorous and there is a tendency for particles to be flung upward and 
elutriate from the bed. Therefore, a cyclone is typically part of a fluidized bed to remove the entrained particles and recirculate 
them to the fluidized bed. Another desirable feature of fluidized beds is that they can be used with very small catalyst particles 
without a large pressure drop. For very small catalyst particles in a packed bed, the pressure drop becomes very large. An 
example of such a catalyst is the fluid catalytic cracking catalyst used in petroleum refining to make smaller hydrocarbons from 


large ones. 
The general shape of the pressure drop versus superficial fluid velocity in a fluidized bed is shown in Figure 19.10. 
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Figure 19.10 Plot Illustrating Constant Value of Pressure Drop above Minimum Fluidization Velocity 

The region to the left of uris described by the Ergun equation for packed beds because, before fluidization begins, behavior is 
that of a packed bed. If the particles were restricted, by, say, placing a wire screen on top of the bed, then the bed would 
continue to behave as a packed bed beyond the umy. Assuming that the top of the bed is unrestricted, once there is sufficient 
upward velocity, and hence upward force, the particles begin to lift. This is called minimum fluidization. At minimum 
fluidization, the upward force is equal to the weight of the particles. Hence, the frictional force equals the weight of the bed, and 
the pressure drop remains constant. Quantitatively, 


—AP yr At = Veotids (Ps — pf) 9 = Athms (1 — Emp) (Ps — pf) g (19.49) 


where the subscript mf signifies minimum fluidization and h,,y is the height of the bed at minimum fluidization, which for a 
packed bed is called the length of the bed, Z. At the instant at which fluidization begins, the frictional pressure drop is equal to 
that of a packed bed. Combining Equation (19.19), which is the frictional loss in a packed bed and equals —AP¢/p, and Equation 
(19.49) yields 


Ps hmgUmn ¢(1—Ems) e 


et + 1.75| (19.50) 


hg (1 — Emf) (ps — pf) g= Dyes; 


Rearranging Equation (19.50) and defining two dimensionless groups that characterize the fluid flow in a fluidized bed, 


Dptm 
Rems = ar (19.51) 


3 2 
diy Beas (19.52) 
H 


where Equation (19.51) is the particle Reynolds number, which characterizes the flow regime, and Equation (19.52) defines the 


Archimedes number, which is the ratio of gravitational forces/viscous forces, yields 


; 150(1—Em,) 
HRe? aa an Y Rems- Ar =0 (19.53) 


Equation (19.53) is a quadratic in Re,, so the minimum fluidization velocity can be obtained if the physical properties of the 


solid and fluid are known. For nonspherical particles, the result is 


150(1—Em 
e Rem a ( : emf) Rens —Ar= (19.54) 
mf mf 


If the void fraction at minimum fluidization, which must be measured, and/or the sphericity are not known, Wen and Yu [12] 
recommend using 


ve = a (19.55) 


(1-€m) 


2 3 
wrens 


=11 (19.56) 
and Equation (19.54) reduces to 
j 1/2 
Rens = [(33.7) } 0.0408Ar] — 33.7 (19.57) 


Since the volume of solid particles remains constant, it is possible to relate the bed height and void fraction at different levels of 
fluidization. 


hmf (1 = Emf) = hy (1 = Ef) (19.58) 


Equation (19.58) is understood by multiplying each side of the equation by A; the total bed area, so each side of the equation is 
the volume of particles because (1 — e) is the solid fraction, and 4A, is the total bed volume. The operation of fluidized beds 
above ump varies considerably on the basis of the size of particles and the superficial velocity of gas. One way to describe the 
behavior of these beds is through the flow map by Kunii and Levenspiel [13] in Figure 19.11. In Figure 19.11, u* and D* refer 
to the dimensionless velocity and particle size introduced in Section 19.4.1, except that the superficial velocity of the gas 
through the bed (not the particle terminal velocity) is used in u*. 
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Figure 19.11 Flow Regime Map for Gas—Solid Fluidization (Modified from Kunii, D., and O. Levenspiel, Fluidization 
Engineering, 2nd ed. [Stoneham, MA: ButterworthHeinemann, 1991]) 
It is clear from this figure that operation of fluidized beds can occur over a wide range of operating velocities from u, to several 
times the terminal velocity. For turbulent (lying above bubbling beds) and fast fluidized beds, internal and external cyclones 
must be employed, respectively. The gas and solids flow patterns in all these regimes are very complex and can be found only 


by experimentation or possibly by using complex computational fluid dynamics codes. 
19.4.3 Flowrate Measurement 


The traditional method for measuring flowrates is to add a restriction in the flow path and measure the pressure drop. The 
pressure drop can be related to the velocity and flowrate by the mechanical energy balance. More modern instruments include 
turbine flow meters that measure flowrate directly and vortex shedding devices. 

The types of restrictions used are illustrated in Figure 19.12. 
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Figure 19.12 Typical Devices Used to Measure Flowrate 

The control volume is fluid between an upstream point, labeled 1, and a point in the obstruction, labeled 2. For turbulent flow, 
the mechanical energy balance written between these two points is 


P-P, 4 usu; 


- it ep =0 (19.59) 


The friction term is dropped at this point but is incorporated into the problem through a discharge coefficient, C,. From 
Equation (19.3), u; is expressed in terms of u2, the cross-sectional areas, and then the diameters; solving for the velocity in the 


obstruction yields 
ewe 
uz = Co ka (19.60) 
where 
p=2 (19.61) 


The flowrate can then be obtained by multiplying the velocity in the restriction by the cross-sectional area of the restriction. The 
term C,, a discharge coefficient, is added to account for the frictional loss in the restriction. Figure 19.13 shows C, as a function 
of p and the bore (restriction) Reynolds number for an orifice, one of the most common restrictions used. Since C, is not known, 
the asymptotic value of 0.61 for high-bore Reynolds number is assumed, and iterations may be required if the bore Reynolds 
number is not above about 20,000. This calculation method is illustrated in Example 19.13. 
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Figure 19.13 Orifice Discharged Coefficient (From Miller, R. W., Flow Measurement Engineering Handbook [New York: 
McGraw-Hill, 1983] [14]) 

Other flow measurement devices are used. One such device is the rotameter that has a float that moves within a variable area 
vertical tube. The level of the float in the device is related to the flowrate, as illustrated in Figure 19.14. As the fluid flow 
increases, the drag on the float increases and it moves up, but the annular flow area around the float also increases. 
Consequently, the float comes to a new equilibrium position at which its weight is just balanced by the upward drag force of the 
fluid. Rotameters are still found in laboratories and provide accurate measurements for both gas and liquid flows. While there is 
a theoretical description of how a rotameter works, it is typically calibrated by measuring the flowrate versus the height of the 
float for the given fluid of interest. 
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Figure 19.14 Illustration of Rotameter 


Measuring pressure differences is automated in a chemical plant through the use of various devices. However, manometers may 
still be found in laboratories. Manometers work by having an immiscible fluid of higher density than the flowing fluid in a U- 
shaped tube, with one end of the tube connected to the pipe at Location 1 and the other end connected as close as possible to 
Location 2. The height difference between the levels of the immiscible fluid is a measure of the pressure difference between 
Locations 1 and 2. Figure 19.15 illustrates a general manometer, where the pipe in which the fluid is flowing may be inclined. 
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Figure 19.15 Illustration of General Manometer Situation 
The manometer is an example of fluid statics, so the pressure at any horizontal location must be the same in each manometer 
leg. For the pressure at height 3 in Figure 19.15, 


P, + pag (21 — 23) = Po + pag (22 — 24) + ppg (24 — z3) (19.62) 
Equation (19.62) can be rearranged into the “general” manometer equation: 
P, — P) + gAh (p4 — pB) + pag (21 — 22) = 0 (19.63) 
where 
Ah = (z4 — 23) (19.64) 


The third term in Equation (19.63) is zero if the pipe is horizontal. It is important to understand that z1 — z2 is a difference in 


vertical distance (height), not a distance along the pipe, and that the coordinate system points upward, so a high height minus a 
low height is a positive number. 

Example 19.13 

An orifice having a diameter of 1 in is used to measure the flowrate of an oil (SG = 0.9, u = 50 cP) in a horizontal, 2-in, 
schedule-40 pipe at 70°F. The pressure drop across the orifice is measured by a mercury (SG = 13.6) manometer, which reads 
2.0 cm. Calculate the volumetric flowrate of the oil. 

Solution 

Two steps are involved. First, the pressure drop is calculated from the manometer information. Then, the flowrate is calculated. 
To calculate the pressure drop, Equation (19.62) is used, but since the pipe is horizontal, the third term on the right-hand side is 
zero. The result is 


P, — P, = gAh (pg — pa) = 


32.2 ft/sec” in 3 l 
ann F aaa cm4) (13.6 — 0.9)(62.4 1b/ft*) ( $ ) — 0.361 psi 


(E19.13a) 


Next, the pressure drop is used in Equation (19.60) with the initial assumption that C, = 0.61. So 


2(0.361 Ib, /in”)(12 in/ft)” (32.2 ft 1b/Ib,/sec”) 


= 0.61 
u2 0.9(62.4 lb/ft’) 1-( cme )'| 


= 4.84 ft/sec (E19.13b) 


Now, the bore Reynolds number must be checked. 


__ (1/12 ft)(4.84 ft/sec) (62.4 Ib/ft*) 


Re = 50 cP (6.72x10"Ib/ft/sec/eP) 749 (E19.13c) 


From Figure 19.13, with 2 = 0.48 and Re = 749, C, ~ 0.71. Repeating the calculation in Equation (E19.11b) gives uy = 5.63 
ft/sec and Re = 872. Within the error of reading Figure 19.12, C, = 0.71, so the iteration is completed. The volumetric and mass 
flowrates can now be calculated: 


ù = (5.63 ft/sec) (0.02330 ft”) = 0.131 ft? /sec (E19.13d) 


m = (0.131 ft? /sec)(62.4 Ib/ft®) = 8.19 Ib/sec (E19.13e) 


When fluid flows through an orifice, the pressure decreases because the velocity increases through the small cross-sectional area 
of the orifice. Physically, this is because pressure energy is converted to kinetic energy. This is similar to a nozzle, as illustrated 
in Example 19.3. Subsequently, when the velocity decreases as the cross-sectional area increases to the total pipe area, the 
pressure increases again. However, not all of the pressure is “recovered,” due to circulating fluid flow at the pipe-orifice 
diameter. The permanent pressure loss requires incremental pump power, and that is part of the cost of measuring the flowrate 
using an orifice or nozzle. The amount of recovered pressure has been correlated as a function of f for different flow measuring 
devices, and it is illustrated in Figure 19.16. 
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Figure 19.16 Unrecovered Frictional Loss in Different Flow Measuring Devices (Adapted by permission from Cheremisinoff, 
N. P., and P. N. Cheremisinoff, Instrumentation for Process Flow Engineering [Lancaster: Technomic, 1987] [15]) 

Example 19.14 

For Example 19.13, how much additional power is needed for the permanent pressure loss through the orifice? The pump is 
75% efficient. 

Solution 


For £ ~ 0.5, from Figure 19.16, the permanent pressure loss is about 73%. From the mechanical energy balance, 


= W, 
eei Pa) = ~0 (E19.14a) 
(0.73)(0.361 Ib /in”)(12 in/ft)? 0.75Ws 
0.9(62.4 Ib/ft8) = Zio (H19-14b) 


sO 


W, = 7.38 ft lb /sec = 0.0134 hp (E19.14c) 


This result shows that, while there is a cost associated with an orifice, it is small. 

19.5 PERFORMANCE OF FLUID FLOW EQUIPMENT 

In addition to equipment design, the chemical engineer must deal with the performance of existing equipment. The differences 
between the design problem (also called a rating problem) (a) and the performance problem (b) are illustrated in Figure 19.17. 
The use of italics indicates the unknowns in the particular problem. In the design problem, the input and the desired output are 
specified, and the equipment is designed to satisfy those constraints. In the performance problem, the input and equipment are 
specified, and the output is determined. The performance problem is what is involved in dealing with day-to-day operations in a 
chemical plant. 
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Figure 19.17 Illustrations of (a) Design Problem and (b) Performance Problem (Unknowns Are Indicated by Italics for Each 
Case) 
Several different types of problems in frictional fluid flow using the mechanical energy balance were discussed in Section 19.3. 


Determining the pump power needed for a given situation is a design problem. Similarly, determining the required pipe 
diameter is a design problem. On the other hand, determining the flowrate when all equipment is specified is a performance 
problem, as is determining the pressure change for an existing system. 

Suppose it is necessary to increase the capacity of a process without adding new equipment. Logically, all flowrates must 
increase. This is a performance problem, since the input and equipment are specified, and the output must be determined for 
each unit in the process. Somewhere in the process, the amount of scale-up needed will be limited due to equipment constraints, 
and this limiting unit is called a bottleneck. The process of finding a solution that removes the bottleneck is called 
debottlenecking, which is a performance problem. Similarly, if there is a problem with the output of a process (purity or 
temperature, for example), the cause of the problem must be determined, which is called troubleshooting. 

Returning to the situation in which process capacity must be increased, for the fluid flow component, initially, it may appear that 
problems similar to those in Section 19.3 must be solved from scratch. However, for many situations, not just in fluid flow, very 
good approximations can be made with a much simpler analysis. 

19.5.1 Base-Case Ratios 

The ability to predict changes in a process design or in plant operations is improved by anchoring an analysis to a base case. 
This calculation tool combines use of fundamental relationships with plant operating data to form a basis for predicting changes 
in system behavior. As will be seen, it is applicable to problems involving all chemical process units when analytical 
expressions are available. 

For design changes, it is desirable to identify a design proven in practice as the base case. For operating plants, actual data are 
available and are chosen as the base case. It is important to put this base case into perspective. Assuming that there are no 
instrument malfunctions and these operating data are correct, then these data represent a real operating point at the time the data 
were taken. As the plant ages, the effectiveness of process units changes and operations are altered to account for these changes. 
As a consequence, recent data on plant operations should be used in setting up the base case. 

The base-case ratio integrates the “best available” information from the operating plant with design relationships to predict the 
effect of process changes. It is an important and powerful technique with a wide range of applications. The base-case ratio, X, is 
defined as the ratio of a new-case system characteristic, x2, to the base-case system characteristic, x1: 


X = 22/2} (19.65) 


Using a base-case ratio often reduces the need for knowing actual values of physical properties (physical properties refer to 
thermodynamic and transport properties of fluids), equipment, and equipment characteristics. The values identified in the ratios 
fall into three major groups. They are defined below and applied in Examples 19.15 and 19.16. 

Ratios Related to Equipment Sizes (equivalent length, L 


eq, diameter, D; surface area, A): Assuming that the equipment is not 
modified, these values are constant, the ratios are unity, and these terms cancel out. 

Ratios Related to Physical Properties (such as density, p; viscosity, u): These values can be functions of material composition, 
temperature, and pressure. Only the functional relationships, not absolute values, are needed. For small changes in composition, 
temperature, or pressure, the properties often are unchanged, and the ratio is unity and cancels out. An exception to this is gas- 
phase density. 

Ratios Related to Stream Properties: These ratios usually involve velocity, flowrate, concentration, temperature, and pressure. 
Using the base-case ratio eliminates the need to know equipment characteristics and reduces the amount of physical property 
data needed to predict changes in operating systems. 

The base-case ratio is a powerful and straightforward tool to analyze and predict process changes. This is illustrated in Example 
iad. 

Example 19.15 

It is necessary to scale up production in an existing chemical plant by 25%. Your job is to determine whether a particular pump 
has sufficient capacity to handle the scale-up. The pump’s function is to provide enough pressure to overcome frictional losses 
between the pump and a reactor. 

Solution 

The relationship for frictional pressure drop is obtained from the mechanical energy balance: 


2 
AP 2HE (E19.15a) 


This relationship is now written as the ratio of two cases, where subscript 1 indicates the base case, and subscript 2 indicates the 
new case: 
AP, 22 fa Leg 243 D1 


= E19.15b 
AP, 291 fı Leg 142 D1 ( ) 


Because the pipe has not been changed, the ratios of diameters (D2/D}) and lengths (Leg2/Leq1) are unity. Because a pump is 
used only for liquids, and liquids are (practically) incompressible, the ratio of densities is unity. If the flow is assumed to be 
fully turbulent, which is usually true for process applications, the friction factor is not a function of Reynolds number. This fact 
should be checked for a particular application. Figure 19.6 illustrates how, for fully turbulent flow in pipes that are not 
hydraulically smooth, the friction factor approaches a constant value. Since the x-axis is a log scale, changes up to a factor of 2 
to 5, which are well beyond the scale-up capability of most equipment, do not represent much of a difference on the graph. 
Therefore, the friction factor is constant, and the ratio of friction factors is unity. The ratio in Equation (E19.15b) reduces to 


APL ut mi Alp tht 


where the second equality is obtained by substituting for u; in numerator and denominator using the mass balance 

Mi = Pi A; u;, canceling the ratio of densities for the same reason as above, and canceling the ratio of cross-sectional areas 
because the pipe has remained unchanged. Therefore, by assigning the base-case mass flow to have a value of 1, for a 25% 
scale-up, the new case has a mass flow of 1.25, and the ratio of pressure drops becomes 


AP. m \? 2 

ap = ($) = (+2) = 1.56 (E19.15d) 

Thus, the pump must be able to deliver enough head to overcome 56% additional frictional pressure drop while pumping 25% 
more material. 

It is important to observe that Example 19.15 was solved without knowing any details of the system. The pipe diameter, length, 
and number of valves and fittings were not known. The liquid being pumped, its temperature, and its density were not known. 
Yet the use of base-case ratios along with simple assumptions permitted a solution to be obtained. This illustrates the power and 
simplicity of base-case ratios. 

Example 19.16 

It is proposed to improve performance through a section of pipe by adding an identical section in parallel. 


If the total flowrate remains constant, what parameter changes and by how much, assuming the fluid flow is fully turbulent? 

If the original pipe is 1.5-in, schedule-40, commercial steel, and the new section is 2-in, schedule-40, commercial steel, answer 
the same question as in Part (a). 

Solution 

By using the mechanical energy balance and Equation (19.14) for the friction term, with the subscript 1 representing the original 


case and subscript 2 representing the new case, each being the flow through the original section, the ratio of pressure drops is 


AP, = —ef2 20 32» fo Leg 205 a D} (E19 16a) 
AP, -efi nm DS 32; fı Legit? : 


The constants cancel. If the fluid is unchanged, the densities cancel. Since the new and old pipe lengths and diameters are 
identical, the lengths and diameters cancel. It is assumed that the minor losses due to the elbows and fitting needed to add the 
parallel pipe are unchanged, so the equivalent lengths cancel. For fully turbulent flow, the friction factor has asymptotically 
approached a constant value (Figure 19.6), so the friction factors cancel. So, the result is 

AP» ù? 


am =y (E19.16b) 


Since the two parallel sections are identical, the flowrate splits equally between the two sections, so the flowrate in the original 

section is half of the original flowrate: 

AP, _ ù _ (0.51)? 
-2 


AP, ù? 


= 0.25 (E19.16c) 

vi 

Therefore, the pressure drop through that section of pipe decreases by 75%. 

e In this case, subscripts 1 and 2 represent the flow though the original and new sections, after the parallel section is installed. 
The analysis starts identically, but the diameters and friction factors do not cancel. The friction factors do not cancel because the 
asymptotic value for the friction factor in Figure 19.6 and in the Pavlov equation (Equation [19.16]) depends on the ratio of the 


roughness factor to the diameter, and that ratio is different for the two sections of pipe. The ratio expression becomes 


AP, fD 
AP, fii D3 


(E19.16d) 


From the Pavlov equation (Equation [19.16]), using the ratio of the friction factors at an asymptotically large Reynolds number 


and the schedule pipe diameters, Equation (E19.16d) becomes 


2 


logio ( 0.0018 in ) DEEA p 
AP _ 0 \ 3.7(1.610 in) (1.610 in)’ù3 0 270 22 (E19 16 ) 
AP | 5 (eee ) (2.067 in)>s? ù? i 
810 3.7(2.067 in) 


Since the pressure drops in each parallel section must be equal, 


2 = (aa) = 1.92 (E19.16f) 
If the flow is laminar, the analysis would be similar, but the results would differ due to the different expression for the friction 
factor in laminar flow. Examples of this are the subject of problems at the end of the chapter. 

19.5.2 Net Positive Suction Head 

There is a significant limitation on pump operation called net positive suction head (NPSH). This is the head that is needed on 
the pump feed (suction) side to ensure that liquid does not vaporize upon entering the pump. Its origin is as follows. Although 
the effect of a pump is to raise the pressure of a liquid, frictional losses at the entrance to the pump, between the suction pipe 
and the internal pump mechanism, cause the liquid pressure to drop upon entering the pump. This means that a minimum 
pressure exists somewhere within the pump. If the feed liquid is saturated or nearly saturated, the liquid can vaporize upon 
entering due to this internal pressure drop. This causes formation of vapor bubbles. These bubbles rapidly collapse when 
exposed to the forces created by the pump mechanism, called cavitation. This process usually results in noisy pump operation 
and, if it occurs for a period of time, will damage the pump. As a consequence, regulating valves, which lower fluid pressure, 
are not normally placed in the suction line to a pump. 

Pump manufacturers supply NPSH data with a pump, usually in head units. In this book, both head and pressure units are used. 
The required NPSH, denoted NPSHp, is a function of the square of velocity because it is a frictional loss and because most 
applications involve turbulent flow. Figure 19.18(a) shows NPSHp and NPSH, curves, which define a region of acceptable 


pump operation. This is specific to a given liquid. Typical NPSHp values are in the range of 15 to 30 kPa (2-4 psi) for small 
pumps and can reach 150 kPa (22 psi) for larger pumps. Figure 19.18 also shows curves for NPSH4, the available NPSH, along 
with the NPSHrp curve. 
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Figure 19.18 (a) NPSH, and NPSHp Curves Showing Region of Feasible Operation; (b) How Physical Parameters Affect Shape 
of NPSH, Curve 
The available NPSH, is defined as 


NPS Ha=Pintet — P* (19.66) 


Equation (19.66) means that the available NPSH (NPSH,) is the difference between the inlet pressure, Pinten and P*, which is 
the vapor pressure (bubble-point pressure for a mixture). It is required that NPSH, > NPSHp to avoid cavitation. Cavitation is 
avoided if operation is to the left of the intersection of the two curves. It is physically possible to operate to the right of the 
intersection of the two curves, but doing so is not recommended because the pump will be damaged. 

All that remains is to calculate or know the pump inlet conditions in order to determine whether sufficient NPSH (NPSH 3) is 
available to equal or exceed the required NPSH (NPSHp). For example, consider the exit stream from a distillation column 
reboiler, which is saturated liquid. If it is necessary to pump this liquid, cavitation could be a problem. A common solution to 
this problem is to elevate the column above the pump so that the static pressure increase minus any frictional losses between the 


column and the pump provides the necessary NPSH to avoid cavitation. This can be done either by elevating the column above 
ground level using a metal skirt or by placing the pump in a pit below ground level, although pump pits are usually avoided due 
to safety concerns arising from accumulation of heavier-than-air gases in the pit. 

In order to quantify NPSH, consider Figure 19.19, in which material in a storage tank is pumped downstream in a chemical 
process. This scenario is a very common application of the NPSH concept. For NPSH analysis, the only portion of Figure 19.19 


under consideration is between the tank and pump inlet. 


Figure 19.19 Typical Situation for Application of NPSH Principles 
From the mechanical energy balance, the pressure at the pump inlet can be calculated to be 


u2 
Pintet = Prank + pgh — PEs (19.67) 


which means that the pump inlet pressure is the tank pressure plus the static pressure minus the frictional losses in the suction- 
side piping. Therefore, by substituting Equation (19.67) into Equation (19.66), the resulting expression for NPSH 4 is 


u? 
NPS H4 = Piang + pgh — Sa — p* (19.68) 


This is an equation of a concave downward parabola, of the form NPS Hy = a — bu?, as illustrated in Figure 19.18(b), 
Curve a. The intercept is a = Pranz + pgh — P* and b = 2pfLeg/D. This analysis does not include the kinetic energy term due to 
the acceleration of the fluid from the tank into the pipe. Rigorously, this term should also be included in the analysis. 

If NPSH, is insufficient for a particular situation, Equation (19.68) suggests methods to increase the NPSH 4: 

Decrease the temperature of the liquid at the pump inlet. This decreases the value of the vapor pressure, P*, thereby increasing 
NPSH,. This increases the intercept of the NPSH, curve while maintaining constant curvature, as illustrated in Figure 19.18(b), 


Curve b. 
Increase the static head. This is accomplished by increasing the value of / in Equation (19.64), thereby increasing NPSH 4. As 


was said earlier, pumps are most often found at lower elevations than the source of the material they are pumping. This 
increases the intercept of the NPSH, curve while maintaining constant curvature, as illustrated in Figure 19.18(b), Curve b. 
Increase the tank pressure. This increases the intercept of the NPSH, curve while maintaining constant curvature, as illustrated 
in Figure 19.18(b), Curve b. 

Increase the diameter of the suction line (feed pipe to pump). This reduces the velocity and the frictional loss term, thereby 
increasing NPSH 4. This decreases the curvature of the NPSH, curve, as illustrated in Figure 19.18(b), Curve c. It is standard 
practice to have larger-diameter pipes on the suction side of a pump than on the discharge side. 

Example 19.17 illustrates how to do NPSH calculations and one of the preceding methods for increasing NPSH 4. The other 
methods are illustrated in problems at the end of the chapter. 

Example 19.17 

A pump is used to transport toluene at 10,000 kg/h from a feed tank (V-101) maintained at atmospheric pressure and 57°C. The 


pump is located 2 m below the liquid level in the tank, and there is 6 m of equivalent pipe length between the tank and the 
pump. It has been suggested that 1-in, schedule-40, commercial-steel pipe be used for the suction line. Determine whether this is 
a suitable choice. If not, suggest methods to avoid pump cavitation. 

Solution 

The following data can be found for toluene: In P*(bar) = 10.97 — 4203.06/T(K), u = 4.1 x 104 kg/m s, p = 870 kg/m?. For l-in, 
schedule-40, commercial-steel pipe, the roughness factor is about 0.001 and the inside diameter is 0.02664 m. Therefore, the 
velocity of toluene in the pipe can be found to be 5.73 m/s. The Reynolds number is about 426,000, and the friction factor is f= 
0.005. At 57°C, the vapor pressure is found to be 0.172 bar. 

From Equation (19.68), 


NPS H4 = 1.01325 bar + 870(9.81)(2)(10-°) bar 
—2(870)(0.005)(6) (5.73) (10~*) / (0.02664) bar — 0.172 bar 
NPS H; = 0.37 bar 


This is shown as Point A on Figure 19.18(b). At the calculated velocity, Figure 19.18(b) shows that NPSHp is 0.40 bar, Point B. 
Therefore, there is insufficient NPSH,. This means that a 1-in, schedule-40 pipe is unacceptable for this service. 

The obvious solution to this problem is to use a larger-diameter pipe for the suction side of the pump. The calculated velocity of 
5.73 m/s is far in excess of the typical maximum liquid velocity. The frictional loss in the 6 m of suction piping is approximately 
0.64 bar. If, say, a 2-in, schedule-40 pipe was used for the suction line, then the frictional loss would decrease to approximately 
0.02 bar and NPSH 4 would increase to about 0.99 bar, which is far in excess of NPSHpr. Another method for increasing NPSH, 
is to increase the height of liquid in the tank. If the height of liquid in the tank is 3 m, with the original 1-in, schedule-40 pipe at 
the original temperature, NPSH 4 = 0.445 bar. This is shown as Point C on Figure 19.18(b). 

19.5.3 Pump and System Curves 

Pumps also have characteristic performance curves, called pump curves. Figure 19.20 illustrates a pump curve for a centrifugal 
pump. Centrifugal pumps are often called constant head pumps because, over a wide range of volumetric flowrates, the head 
produced by the pump is approximately constant. Pump manufacturers provide the characteristic curve, usually in head units. 
For centrifugal pumps, the shape of the curve indicates that although the head remains constant over quite a wide range of 
flowrates, eventually, as the flowrate continues to increase, the head produced decreases. Pump curves also include power and 
efficiency curves, both of which change with flowrate and head; however, these are not shown here. 
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Figure 19.20 Typical Shape of Pump Curve for Centrifugal Pump 
For a piping system, a system curve can also be defined. Consider the system as illustrated in Figure 19.21. Location 1 is called 
the source, and Location 2 is the destination. Location 2 may be distant from Location 1, perhaps at the opposite end of a 
chemical process and at a different elevation from Location 1. Typical processes have only one pump upstream to supply all 
pressure needed to overcome pressure losses throughout the process. Therefore, the pressure increase across the pump must be 
sufficient to overcome all of the losses associated with piping and fittings plus the indicated pressure loss across the control 
valve. The orifice plate is present to illustrate some type of flowrate measurement, and the flow indicator controller (FIC) 
illustrates that the measured flowrate is compared to a set point, and deviations from the set point are compensated by adjusting 
the valve, usually pneumatically. If the flowrate is too large, the valve is partially closed, restricting the flowrate. However, this 
also increases the frictional pressure loss across the valve, as discussed in Section 19.3.2. 


APpump 
Figure 19.21 Physical Situation for System Curve 
The behavior of the system can be quantified by a system curve. The general equation for a chemical process, in terms of 


pressure, is given by the mechanical energy balance between Points 1 and 2 in Figure 19.21: 


BP ins = AP + pgAzi2 + (—AP}) + (—AP.,) = (P> — P,) + pg (z2 — zı) + (—AP}) + (—AP 
(19.69) 


where 


2pfLequ? 
AP», = pes = OE (19.70) 


Equation (19.70) is derived from the mechanical energy balance with only the pressure and friction terms. It is important to 
remember that A represents out-in; therefore, the frictional loss term and the pressure loss across the valve are negative numbers 
before the included negative sign. The system curve is the right-hand side of Equation (19.69) without the term for the control 
valve: 


32pfLeqd” 
AP;ystem = (P: — Pi) + pg (22 — 2) + (-AP»,) = (P — Pi) + pg (22 = 21) + Te 


(19.71) 


Equation (19.71) is a parabola, concave upward, on a plot of pressure increase versus flowrate. It is of the form 
AP system = a + bv, where a = (P2 — P1) + p g(z2 -z)) and b = 329 fLeq/ (x? D5). Since the manufacturer pump curve 
is usually provided in head units, Equation (19.69) can be rewritten in head units as 


AP;ystem -o (P2—P,;) 


32fLeqd” 
Asystem ry y F (22 = zı) te 


gr? D* 


(19.72) 


Figure 19.22 illustrates the result if the pump curve and the system curve are plotted on the same graph. The indicated pressure 
changes demonstrate how the head provided by the pump must equal the desired head increase from source to destination, plus 
the frictional pressure loss, plus the pressure loss across the control valve, as quantified in Equation (19.69). The process of 


flowrate regulation is also illustrated in Figure 19.22. If the flowrate is to be reduced, the valve is closed, and the operating point 
moves to the left. At this lower flowrate, the frictional losses are lower, but the pressure loss across the valve is larger. The 
opposite is true for a higher flowrate. At the intersection of the two curves, the valve is wide open, and the maximum possible 
flowrate has been reached. This analysis assumes that the pump is operating at constant speed. For a variable speed pump, the 
pump curve moves up or down as the speed of rotation of the impeller changes. (Note that this simplified explanation omits the 
very small pressure drop across a wide-open control valve.) Operation to the right of this point is impossible. It is important not 
to confuse the meanings of the intersection points on the pump-system curve plot and the NPSH plot. 
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Figure 19.22 Pump (Constant Speed Centrifugal Pump) and System Curve Components 


The pump and system curve plot also illustrates the cost of flowrate regulation. The pump must provide sufficient pressure to 
overcome the losses across the valve over a wide range of flowrates. Additional pump power is required for the possibility of 
operating at lower flowrates with a very large pressure drop across the valve. In general, this is a small cost for a pump, because 
the liquid density is high. Variable speed pumps are also available with different pump curves for different speeds. For these, the 
flowrate is regulated by the rotation speed of the impeller, not by a valve. It is not usually worth the extra cost for small pumps 
given the low cost of pumping liquids but may be worth considering for larger pumps and flowrates. Pumps with different 
impeller sizes have different pump curves for each impeller size. However, changing an impeller is not something that can be 
done while a process is operating. 

Pumps (and compressors) are about the only pieces of equipment in a chemical plant with moving parts. Moving parts can fail. 
Therefore, since pumps are often inexpensive (on the order of $10,000), a backup pump is typically installed in parallel so the 
plant can continue operating while the primary pump is maintained. Since shutdown and start-up can take days, it makes sense 
not to shut down a process that generates profit at a rate of thousands of dollars per minute to avoid purchasing a relatively 
inexpensive backup pump. 

The presence of a backup pump can also be exploited if is necessary to scale-up a process. The piping system can be constructed 
such that the two pumps can operate simultaneously, either in series or in parallel. If the pumps are in series, the head increase 
doubles at the same flowrate. If the pumps are in parallel, the flowrate doubles at the same head increase. The pump curves for 
these situations are illustrated in Figure 19.23. The two system curves illustrate the maximum possible scale-up for two different 
system curves, indicated by the dots. In one case, the parallel configuration provides more scale-up potential, and in the other 
case, the series configuration provides more scale-up potential. This demonstrates that it is not possible to make any 
generalizations about which configuration can produce more scale-up. It all depends on the particular system. 
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Figure 19.23 Pump and System Curves for Series and Parallel Pumps 


Positive-displacement pumps perform differently from centrifugal pumps. They are usually used to produce higher pressure 
increases than are obtained with centrifugal pumps. The performance characteristics are represented on Figure 19.24(a), and 
these are sometimes referred to as constant-volume pumps. It can be observed that the flowrate through the pump is almost 
constant over a wide range of pressure increases, which makes flowrate control using the pressure increase impractical. One 
method to regulate the flow through a positive-displacement pump is illustrated in Figure 19.24(b). The strategy is to maintain 
constant flowrate through the pump. By regulating the flow of the recycle stream to maintain constant flowrate through the 
pump, the downstream flowrate can be regulated independently of the flow through the pump. Therefore, if a higher flow to the 
process is needed, then the bypass control valve is closed, and vice versa. 
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Figure 19.24 (a) Typical Pump Curve for Positive—Displacement Pump and (b) Method for Flowrate Regulation 
It is observed from Figure 19.21 and Figure 19.24 that, in both cases, flowrate regulation occurs by adjusting a valve. For 
regulation of temperature, a valve on a cooling or heating fluid is adjusted. For regulation of concentration, valves on mixing 
streams are adjusted. This emphasizes the concept that about the only way to regulate anything in a chemical process is to adjust 
a valve position. 


Pressure Rise, AP 


Process conditions are usually regulated or modified by adjusting valve settings in the plant.. 

Example 19.18 

Develop the system curve for flow of water at approximately 10 kg/s through 100 m of 2-in, schedule-40, commercial-steel pipe 
with the source and destination at the same height and both at atmospheric pressure. 

Solution 


The density of water will be taken as 1000 kg/m’, and the viscosity of water will be taken as 1 mPa s (0.001 kg/m s). The inside 
diameter of the pipe is 0.0525 m. The Reynolds number can be determined to be 2.42 x 10°. For a roughness factor of 0.001, f= 
0.005. Equation (19.71) reduces to 


AP = — 19u? (E19.18a) 


since AP 7.3 is zero, with AP in kPa and u in m/s. This is the equation of a parabola, and it is plotted in Figure E19.18. Therefore, 
from either the equation or the graph, the frictional pressure drop is known for any velocity. 
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Figure E19.18 System Curves for Examples 19.18 and 19.19 

Example 19.19 

Repeat Example 19.18 for the same length of pipe but with a 10 m vertical elevation change, with the flow from lower to higher 
elevation, but with the source and destination both still at atmospheric pressure. 

Solution 

Here, the potential energy term from the mechanical energy balance must be included. The magnitude of this term is 10 m of 
water, so pgAz = 98 kPa. Equation (19.69) reduces to 


AP = — (98+ 19u’) (E19.19) 


with AP in kPa and u in m/s. This equation is also plotted in Figure E19.18. It is observed that the system curve has the same 
shape as that in Example 19.18. This means that the frictional component is unchanged. The difference is that the entire curve is 
shifted up by the constant, static pressure difference. 

Example 19.20 

The centrifugal pump shown in Figure E19.20 is used to supply water to a storage tank. The pump inlet is at atmospheric 
pressure, and water is pumped up to the storage tank, which is open to atmosphere, via large-diameter pipes. Because the pipe 
diameters are large, the frictional losses in the pipes and any change in fluid velocity can be safely ignored. 
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Figure E19.20 Illustration of Example 19.20 

If the storage tank is located at an elevation of 35 m above the pump, predict the flow using each impeller. 

If the storage tank is located at an elevation of 50 m above the pump, predict the flow using each impeller. 

Solution 

Figure E19.20 shows the pump curves for three different impeller sizes for the same pump. From Figure E19.20, at Ah, = 35 m 
(see line a-a): 6-in Impeller: Flow = 0.93 m?/min 

7-in Impeller: Flow = 1.38 m?/min 

8-in Impeller: Flow = 1.81 m3/min 

Therefore, each impeller can be used, and the larger impeller provides a larger flowrate. 

From Figure E19.20, at Ah, = 50 m (see line b-b): 

6-in Impeller: Flow = 0 m?/min 

7-in Impeller: Flow = 0.99 m3/min 

8-in Impeller: Flow = 1.58 m3/min 

In this case, the 6-in impeller is not sufficient to provide the desired flowrate, so only the 7-in and 8-in impellers are appropriate 
choices. 


—Ah, = 50m = (P, — P2)/pg = Pi /pg — 1.2 x 10° / [750 (9. 81)] = Pı /pg — 16.3 m 
P, = (50 + 16.3) pg = 66.3 (750) (9.81) = 4.88 x 10°Pa = 4. 88 bar 
19.5.4 Compressors 
19.5.4.1 Compressor Curves 
The performance of centrifugal compressors is somewhat analogous to that of centrifugal pumps. A characteristic performance 
curve, supplied by the manufacturer, defines how the outlet pressure varies with flowrate. However, compressor behavior is far 
more complex than that for pumps because the fluid is compressible. 


Figure 19.25 shows the performance curves for a centrifugal compressor. It is immediately observed that the y-axis is the ratio 
of the outlet pressure to inlet pressure. This is in contrast to pump curves, which have the difference between these two values 
on the y-axis. Curves for two different rotation speeds are shown. As with pump curves, curves for power and efficiency are 
often included but are not shown here. Unlike most pumps, the speed is often varied continuously to control the flowrate 
because the higher power required in a compressor makes it economical to avoid throttling the outlet as in a centrifugal pump. 
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Figure 19.25 Performance Curves for a Centrifugal Compressor 

Centrifugal compressor curves are read just like pump curves. At a given flowrate and revolutions per minute, there is one 
pressure ratio. The pressure ratio decreases as flowrate increases. A unique feature of compressor behavior occurs at low 
flowrates. It is observed that the pressure ratio increases with decreasing flowrate, reaches a maximum, and then decreases with 
decreasing flowrate. The locus of maxima is called the surge line. For safety reasons, compressors are operated to the right of 
the surge line. The surge line is significant for the following reason. Imagine the compressor is operating at a high flowrate and 
the flowrate is lowered continuously, causing a higher outlet pressure. At some point, the surge line is crossed, lowering the 
pressure ratio. This means that downstream fluid is at a higher pressure than upstream fluid, causing a backflow. These flow 
irregularities can severely damage the compressor mechanism, even causing the compressor to vibrate or surge (hence the origin 
of the term). Severe surging has been known to cause compressors to become detached from the supports keeping them 
stationary and literally to fly apart, causing great damage. Therefore, the surge line is considered a limiting operating condition 
below which operation is prohibited. Surge control on compressors is usually achieved by opening a bypass valve on a line 
connecting the outlet to the inlet of the compressor. When the surge point is approached, the bypass valve is opened, and gas 
flows from the outlet to the inlet, thereby increasing the flow through the compressor and moving it away from the surge 
condition. 

Positive-displacement compressors also exist and are used to compress low volumes to high pressures. Centrifugal compressors 
are used to compress higher volumes to moderate pressures and are often staged to obtain higher pressures. Figure 19.5 


illustrates the inner workings of a compressor. 
19.5.4.2 Compressor Staging 
There are two limiting cases for compressor behavior: isothermal and isentropic. An actual compressor is neither isothermal nor 


isentropic; however, the behavior lies between these two limiting cases. From the general mechanical energy balance, 


compressor work is 


P, 
dP 
P 


1 


where subscripts 1 and 2 denote compressor inlet and outlet, respectively. For the isothermal case, assuming ideal gas behavior 
(which will fail as the pressure increases but is sufficient to illustrate the basic concepts), 


P, P, 
dP dP 
Ne Ws isoth = / a = S Rrr (#) (19.74) 
p p i 
P, P, 


For isentropic compression, the relationship from thermodynamics for adiabatic, reversible, compression is 


P 
PV = a constant (19.75) 


where y = C,/C,, the ratio of the constant pressure and constant volume heat capacities. Using the compressor inlet as a 
reference point, 


Se (19.76) 


Solving Equation (19.76) for p, using that value in Equation (19.73), and integrating yields a well-known expression from 


thermodynamics for adiabatic, reversible, compression of an ideal gas: 
q-1 


RT, P,\ 
neWaisen = os | (#) -1 (19.77) 


Taking the ratio of Equations (19.74) and (19.77), and realizing that T = T, in Equation (19.74), since the temperature is 


constant at the inlet value in the isothermal case, yields 


Wsisoth __ In( a 
TETA a 19. 
malay “” 


Figure 19.26 is a plot of Equation (19.78), with the dependent variable as the compression ratio, P>/P). Figure 19.26 
demonstrates that the reversible, adiabatic work for isothermal compression is always less than that for isentropic compression. 
As the compression ratio exceeds 3 to 4, the isothermal work is significantly less than the isentropic work, making isothermal 
compression desirable. Of course, since compressing a gas always increases the gas temperature, isothermal compression cannot 
be accomplished. However, isothermal compression can be approached by staging compressors with intercooling, as illustrated 
in Figure 19.27 for a two-stage configuration. Isothermal compression can be reached theoretically with an infinite number of 
compressors each with an infinitesimal temperature rise, hardly a practical situation. From thermodynamics, it can be shown 
that the minimum compressor work for staged adiabatic compressors, with interstage cooling to the feed temperature to the first 
compressor, is accomplished with an equal compression ratio in each compressor stage. This is not necessarily the economic 
optimum, which would require analysis of the capital cost of the compressor stages and heat exchangers, the operating cost of 
the compressor, and the utility cost of the cooling medium. However, the preceding analysis explains why compressors are 
usually staged when the compression ratio exceeds 3 to 4. 
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Figure 19.26 Comparison of Isothermal and Isentropic Work for Compressors 


Figure 19.27 Example of Two-Stage Compressor Configuration 
19.5.5 Performance of the Feed Section to a Process 
A common feature of chemical processes is the mixing of reactant feeds before they enter a reactor. When two streams mix, 


they are at the same pressure. The consequences of this are illustrated by the following scenario. 

Phthalic anhydride can be produced by reacting naphthalene and oxygen. The feed section to a phthalic anhydride process is 
shown in Figure 19.28. The mixed feed enters a fluidized bed reactor operating at five times the minimum fluidization velocity. 
A stream table is given in Table 19.4. It is assumed that all frictional pressure losses are associated with equipment and that 
frictional losses in the piping are negligible. It is temporarily necessary to scale down production by 50%. The engineer must 
determine how to scale down the process and to determine the new flows and pressures. 
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Figure 19.28 Feed Section to Phthalic Anhydride Process 
Table 19.4 Partial Stream Table for Feed Section in Figure 19.27 


Stream 

1 2 3 4 5 6 T 8 
P (kPa) 80.00101.33343.0268.0 243.0243.0 243.0 200.0 
Phase L V L V Vv V V V 
Naphthalene (Mg/h)12.82— 12.82— 12.82— 12.82 12.82 
Air (Mg/h) — 151.47— 151.47— 151.47151.47151.47 


It is necessary to have pump and compressor curves in order to do the required calculations. In this example, equations for the 
pump curves are used. These equations can be obtained by fitting a polynomial to the curves provided by pump manufacturers. 
As discussed in Section 19.5.3, pump curves are usually expressed as pressure head versus volumetric flowrate so that they can 
be used for a liquid of any density. In this example, pressure head and volumetric flowrate have been converted to absolute 
pressure and mass flowrate using the density of the fluids involved. Pump P-201 operates at only one speed, and an equation for 
the pump curve is 


AP (kPa) = 500 + 4. 663rn — 1. 805727 < 16.00Mg/h (19.79) 


Compressor C-201 operates at only one speed, and the equation for the compressor curve is 


Pot L 5 901 + 2.662 x 10-27 — 1.358 x 10-41? 


Pin (19.80) 
+4.506 x 10°83 th < 200Mg/h 


From Figure 19.27, it is seen that there is only one valve in the feed section, after the mixing point. Therefore, the only way to 
reduce the production of phthalic anhydride is to close the valve to the point at which the naphthalene feed is reduced by 50%. 
Example 19.21 illustrates the consequences of reducing the naphthalene feed rate by 50%. 

Example 19.21 

For a reduction in naphthalene feed by 50%, determine the pressures and flows of all streams after the scale-down. 

Solution 

Because it is known that the flowrate of naphthalene has been reduced by 50%, the new outlet pressure from P-201 can be 
calculated from Equation (19.79). The feed pressure remains at 80 kPa. At a naphthalene flow of 6.41 Mg/h, Equation (19.79) 
gives a pressure increase of 455.73 kPa, so P3 = 535.73 kPa. Because the flowrate has decreased by a factor of 2, the pressure 
drop in the fired heater decreases by a factor of 4, since AP œ Lat. Therefore, P; = 510.73 kPa. Consequently, the pressure 


of Stream 6 must be 510.73 kPa. The flowrate of air can now be calculated from the compressor curve equation. 

The compressor curve equation has two unknowns: the compressor outlet pressure and the mass flowrate. Therefore, a second 
equation is needed. The second equation is obtained from a base-case ratio for the pressure drop across the heat exchanger. The 
two equations are 


P, 
101.33 


= 5.201 + 2.662 x 10°? m pew — 1-358 x 1074m new + 4-506 x 10°8rh3 neu (E19.21a) 


M2 new 


151.47 


2 
P, — 510.73 = 25( ) (E19.21b) 


The solution is 


P, = 512. 84 kPa 
thy = 43. 80Mg/h 


The stream table for the scaled-down case is given in Table E19.21. Although it is not precisely true, for lack of additional 
information, it has been assumed that the pressure of Stream 8 remains constant. 
Table E19.21 Partial Stream Table for Scaled-Down Feed Section in Figure 19.28 


Stream 

1 2 3 4 5 6 7 8 
P (kPa) 80.0101.33535.73512.84510.73510.73510.73200.00 
Phase L V L V V V V V 
Naphthalene (Mg/h)6.41— 641 — 641 — 641 641 
Air (Mg/h) — 43.80 — 43.80 — 43.80 43.80 43.80 


It is observed that the flowrate of air is reduced by far more than 50% in the scaled-down case. This is because of the 
combination of the compressor curve and the new pressure of Streams 5 and 6 after the naphthalene flowrate is scaled down by 
50%. The total flowrate of Stream 8 is now 50.21 Mg/h, which is 30.6% of the original flowrate to the reactor. Given that the 
reactor was operating at five times minimum fluidization, the reactor is now in danger of not being fluidized adequately. 
Because the phthalic anhydride reaction is very exothermic, a loss of fluidization could result in poor heat transfer, which might 
result in a runaway reaction. The conclusion is that it is not recommended to operate at these scaled-down conditions. 

The question is how the air flowrate can be scaled down by 50% to maintain the same ratio of naphthalene to air as in the 
original case. The answer is in valve placement. Because of the requirement that the pressures at the mixing point be equal, with 
only one valve after the mixing point, there is only one possible flowrate of air corresponding to a 50% reduction in naphthalene 
flowrate. Effectively, there is no control of the air flowrate. A chemical process would not be designed as in Figure 19.28. The 
most common design is illustrated in Figure E19.21. With valves in both feed streams, the flowrates of each stream can be 
controlled independently. 
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Figure E19.21 Feed Section to Phthalic Anhydride Process with Better Valve Placement Than Shown in Figure 19.28 
WHAT YOU SHOULD HAVE LEARNED 

How to write the mass balance for pipe flow 

How to apply the mechanical energy balance to pipe flow 

How to apply the force balance to flow around submerged objects 

The types of pipes and pipe sizing 

The types of pumps and compressors and their applicability 

The purpose of including valves in a piping system 

How to design and analyze performance of a system for frictional flow of fluid in pipes 

How to design a system for frictional flow of fluid with submerged objects such as packed and fluidized beds 

Methods for flow measurement 

How to analyze existing fluid flow equipment 

What net positive suction head is and the limitations it places on piping system design 

How to analyze pump and system curves to understand the limitations of pumps 

Why compressors are staged 

REFERENCES 

1. Geankoplis, C., Transport Processes and Separation Process Principles, 4th ed. (Upper Saddle River, NJ: Prentice Hall, 
2003), 99-100. 

2. Perry, R. H., and D. Green, Perry’s Chemical Engineers’ Handbook, 6th ed. (New York: McGraw-Hill, 1984), Section 5. 
3. Couper, J. R., W. R. Penney, J. R. Fair, and S. M. Walas, Chemical Process Equipment: Selection and Design, 3rd ed. (New 
York: Elsevier, 2012), ch. 7. 

4. Green, D. W., and R. H. Perry., Perry’s Chemical Engineers’ Handbook, 8th ed. (New York: McGraw-Hill, 2008), Section 
10. 

5. McCabe, W. L., J. C. Smith, and P. Harriott, Unit Operations of Chemical Engineering, 5th ed. (New York: McGraw-Hill, 
1993). 

6. Bird, R. B., W. E. Stewart, and E. N. Lightfoot, Transport Phenomena, 2nd ed. rev. (New York: Wiley, 2006), 51. 

7. Pavlov, K. F., P. G. Romankov, and A. A. Noskov, Problems and Examples for a Course in Basic Operations and Equipment 
in Chemical Technology (Moscow: MIR, translated, 1981). 

8. Levenspiel, O., Engineering Flow and Heat Exchange, 3rd ed. (New York: Springer, 2014), 27. 


9. Darby, R., Chemical Engineering Fluid Mechanics, 2nd ed. (New York: Marcel Dekker, 2001), 209. 

10. Kittredge, C. P., and D. S. Rowley. “Resistance Coefficients for Laminar and Turbulent Flow Through One-Half-Inch 
Valves and Fittings,” Trans. ASME 79 (1957): 1759-1766. 

11l. Haider, A., and O. Levenspiel, “Drag Coefficient and Terminal Velocity of Spheres and Nonspherical Particles,” Powder 
Technol. 58 (1989): 63—70. 

12. Wen, C. Y., and Y.-H. Yu, “A Generalized Method for Predicting the Minimum Fluidization Velocity,” AIChE J. 12 (1966): 
610-612. 

13. Kuni, D., and O. Levenspiel, Fluidization Engineering, 2nd ed. (Stoneham, MA: ButterworthHeinemann, 1991). 

14. Miller, R.W., Flow Measurement Engineering Handbook (New York: McGraw-Hill, 1983). 

15. Cheremisinoff, N. P., and P. N. Cheremisinoff, Instrumentation for Process Flow Engineering (Lancaster: Technomic, 
1987). 

16. Walas, S., Chemical Process Equipment: Selection and Design (Stoneham, MA: Butterworth, 1988). 

SHORT ANSWER QUESTIONS 

1. Explain the physical meaning of each term in the mechanical energy balance. 

2. luid flows from a larger-diameter pipe to a smaller-diameter pipe. How does the velocity change? 

3. Explain the concept of pressure head. 

4. luid flows downward in a vertical pipe of uniform diameter. How does the velocity change with position? 

5. liquid flows vertically downward through a pipe of uniform diameter at steady state. Explain how the mass flowrate, 
volumetric flowrate, and velocity change with vertical position. 

6. Explain the meaning of the Reynolds number in terms of forces. 

7. Sketch the approximate shape of a graph of frictional losses versus Reynolds number. Discuss two other situations in which 
the graph has similar shape. 

8. There are three key parameters that affect frictional loss in pipe flow. State two of them and explain the effect (i.e., whether 
the parameter increases or decreases, how the frictional loss is affected). 

9. For sections of pipes in series, what is the relationship between the mass flowrate in each section? What is the relationship 
between the pressure drops in each section? 

10. For sections of pipes in parallel, what is the relationship between the mass flowrate in each section? What is the relationship 
between the pressure drops in each section? 

11. How is the mechanical energy balance different for compressible flow compared to incompressible flow? 

12. What is the difference between form drag and frictional drag? 

13. Define void fraction. 

14. Explain the difference between void volume, solid volume, and total volume. 

15. Define sphericity. 

16. When is mercury a better manometer fluid than water or oil? When is mercury not recommended? Assume the specific 
gravity of mercury is 13.2, and the specific gravity of oil is 0.8. 

17. Explain the physical meaning of the intersection of the NPSHr and NPSH, curves. 

18. Explain the physical meaning of the intersection of the pump and system curves. 

19. Why does a compressor cost more to operate than a pump? 

20. Why are compressors often staged with intercooling? 

21. For fully developed turbulent flow, assuming all variables not mentioned are held constant: 

What is the effect of doubling the flowrate on the pressure drop? 

What is the effect of increasing the pipe diameter by 25% on pressure drop? 

What is the effect of increasing the pipe diameter on flowrate? 

What is the effect of increasing pipe length on pressure drop? 

What is the effect of increasing pipe length on flowrate? 

What is the effect on pressure drop of replacing one long pipe segment with two equal-sized pipe segments of half the length 
placed in parallel? 


22. Repeat Problem 19.21 for laminar flow. 
PROBLEMS 
23. Consider the situation depicted in Figure P 19.23. The fluid is an oil with a specific gravity of 0.85. Fill in the missing data in 


Table P19.23. 


1 
4 
2 
Figure P19.23 
Table P19.23 
StreamPipe m (kg/s)ù (m3/s)u (m/s) 
1 2-in, schedule 40 6 
2 3.5-in, schedule 40 0.0106 
3 1.5-in, schedule 40 4.032 


4 3-in, schedule 40 

24. For water flowing in the situation shown in Figure P19.24 and the data in Table P19.24, do the following: 
Calculate the mass flowrate of Stream 3. 

Calculate the velocity of Stream 4. 


What schedule-40 pipe size must be used in Stream 3? 
1 3, 4 


2 
Figure P19.24 
Table P19.24 
Stream Pipe u (m/s) 
1 l-in, schedule 40 5 
2 1.5-in, schedule 403 
3 ?-in, schedule 40 2.18 
4 4-in, schedule 40 ? 
25. Consider the situation depicted in Figure P 19.25. The liquid level in the cylindrical tank is increasing at 0.02 ft/sec. 
What is the net rate of flow into the tank? 
What is the velocity in the 3-in pipe? 


4-in diameter 3-in diameter 
v=3 ft/sec v=? ft/sec 


2-in diameter 
v=4 ft/sec 


Figure P19.25 

26. Water is pumped through a 750-ft length of 6-in, schedule-40 pipe. The discharge at the end of the pipe is 50 ft above the 
suction end. The pump is 80% efficient and is driven by a 20 hp motor. If the friction loss in the pipe is 50 ft Iby/Ib, what is the 
flowrate through the pipe? 

27. A hydroelectric power plant takes 25 m?/s of water from a large reservoir through its turbine and discharges it to the 
atmosphere at 1 m/s. The turbine is 50 m below the reservoir surface. The frictional head loss in the system is 10 m. The turbine 
and electric generator as a whole are 80% efficient. Assuming turbulent flow, calculate the power extracted by the turbine. 

28. Water is pumped at a constant rate of 10 m?/h from an open tank on the floor to an open tank with a level 10 m above the 
floor. Frictional losses in the 50-mm-diameter pipe between the tanks are 3.5 J/kg. At what height above the floor must the 
water level be kept if the pump can develop only 0.1 kW? The pump is 75% efficient. 

29. Water in a dam on a 75-ft-deep river is passed through a turbine to produce energy. The outlet of the turbine is 15 ft above 
the river bed. The mass flowrate of water is 65,000 Ib/s, and the inside diameter of the discharge pipe is 10 ft. Discharge is to the 
atmosphere, and frictional losses may be neglected. For a 55% efficient turbine, calculate the power produced. 

30. Many potential drugs have low water solubility, hindering their transport in the body’s aqueous material distribution 
medium (blood). One way to improve solubility is to decrease particle size below 1 wm diameter. One method to do this is by 
high-pressure homogenization, using a homogenizer, which is basically a nozzle. In this process, the drug is dispersed in a 


solvent and forced through a narrow orifice (nozzle) at high pressure. As the liquid enters the orifice, it experiences a pressure 
drop so great it partially vaporizes. As it exits the constriction, the vapor bubbles collapse violently and produce local 
disturbances, breaking up the surrounding solid particles. 

A high-pressure homogenizer is being used to decrease the size of some drug particles. The particles are suspended in water at 
25°C and sent through the homogenizer at 250 mL/min. The pressure before the orifice is 34.5 MPa, and the diameter of the 
pipe is 0.1 m. Determine the diameter orifice (nozzle) that results in an exit pressure at the vapor pressure of water. Neglect 
friction. 

31. A pump operating at 80% efficiency delivers 30 gal/min of water from a reservoir to an open-air storage tank at a chemical 
plant 1 mi away. A 3-in, schedule-40 pipe is used, and the frictional losses are 200 ft lb,/Ib. The elevation of the liquid level in 
the tank is 873 ft above sea level, and the elevation of the liquid level in the reservoir is 928 ft above sea level. 

What is the minimum horsepower required for the pump? 

The elevation of the reservoir is fixed. What elevation of the liquid level of the tank would make the pump unnecessary? 

32. A pressurized tank situated above ground level contains a liquid with specific gravity of 0.9. The liquid flows down to 
ground level through 4-in, schedule-40 pipe through a pump (75% efficiency) and into a tank at a level 25 m above the level of 
the source tank at a pressure of 550 kPa through 2-in, schedule-40 pipe. The pump power is 6.71 kW. A pressure gauge at the 
pump entrance reads 115.6 kPa, and a pressure gauge at the pump discharge reads 762.6 kPa. The frictional losses in the piping 
on the suction side of the pump and on the discharge side of the pump are 30 J/kg and 50 J/kg, respectively. 

What is the mass flowrate of liquid through the system? 

What is the velocity in the 2-in, schedule-40 pipe? 

What is the pressure of the liquid in the source tank? 

Determine whether the kinetic energy contribution to the mechanical energy balance is small. 

33. Water is pumped from one storage tank to a higher tank at a steady rate of 10°*m?/s. The difference in the elevations of the 
two water tanks is 50 m. The storage tank, which serves a source, is open to the atmosphere, while the tank receiving the water 
has a pressure of 170.3 kPa. Pressure gauges in the pipeline at the inlet and outlet of the pump read 34.5 kPa and 551.6 kPa, 
respectively. The power supplied by an electric motor to the pump shaft is 1000 W. All piping is l-in, schedule-40 steel pipe. 
Find the pump efficiency and friction loss in the pipe per kg of water. 

34. Oil (SG = 0.88) flows at 5 ft?/s from one tank, through a pump, to another tank. The pipe diameter between the source tank 
and the pump is 12 in, and the pipe diameter between the pump and the destination tank is 6 in. The liquid level in the source 
tank is 10 ft above the pump, which is at ground level. The liquid level in the destination tank is 12 ft. The source tank is at 25 
psia, and the destination tank is open to the atmosphere. A manometer is connected to the upstream and downstream pipes, 
immediately adjacent to the pump, with a differential height of 36 in of mercury. The pump is 75% efficient. Frictional losses 
may be neglected. 

What is the power rating of the pump? 

What is the maximum possible height of the bottom of the destination tank? 

35. A fluid with specific gravity of 0.8 is in a tank, at a pressure of 150 kPa, with a level maintained at 5 m above ground level. 
The fluid leaves the tank through 4-in, schedule-40 pipe (frictional loss of 30 J/kg) at a mass flowrate of 6.5 kg/s and enters a 
pump at ground level. The pump power is 1.5 kW and is 70% efficient. The fluid leaving the pump flows through 3.5-in, 
schedule-40 pipe (frictional loss of 50 J/kg) to a “final” point in the pipe above the original tank level, where the pressure is 200 
kPa. 

Find the velocity at the final point in the pipe. 

Determine the pressure at the pump inlet. 

Determine the height above the ground of the final point in the pipe. 

36. Consider the problem of how long it takes for a tank to drain. Consider an open-top cylindrical tank with one horizontal exit 
pipe at the bottom of the tank that discharges to the atmosphere. The tank has a diameter, d, and the height of liquid in the tank 
at any time is A. 

The mass balance is unsteady state. Explain why the mass balance is 


dm 


— = -m 
dt out 


where m is the mass of liquid in the tank and Mout is the mass flowrate out of the tank. 

The mass in the tank is the fluid density times the volume of liquid in the tank. The flowrate, Mout, can be related to the 
velocity and the cross-sectional area of the exit pipe based on what we have already learned. The volume of liquid in the tank 
can be related to the height of liquid in the tank. Simplify the differential mass balance to obtain an expression for the height of 
liquid in the tank as a function of the velocity of the liquid through the exit pipe. 

Now, write a mechanical energy balance on the fluid in the tank and pipe from the top level in the tank to the pipe outlet, 


neglecting friction. It is generally assumed the velocity of the tank level (i.e., the fluid level in the tank) is small because of the 
large diameter. Solve for the velocity, and rearrange the differential equation to look like 


dh 
— =af(h 
= = af (h) 
where a is a group of constants and f(h) is a function of the height that you have derived. 
Solve this differential equation for height as a function of time with the initial condition of a height of /, at time zero. 
Rearrange the answer to Part (d) to get an expression for the time for complete drainage. 
37. The following equations describe a fluid-flow system. Draw and label the system. 
my, +m, = m3 = m4 
P-P %43 
P 2 


Ps —P; v 
ES g(zg — m4) tey = 0 


nW, =0 


38. The following equations describe a fluid flow system, with friction neglected. Draw and label the system, making sure that 
your diagram is visually accurate. 
m3 + Mm = m4 = Mms 
P-P) v 
5 + g(z2 — 21) 4 >=0 
g(z — 21) — nW; =0 


a) 
P-P, U5 4 =" 
ete nW, =0 


Po—P, 
T + 9 (z — zs) 


Z6 > 21 


=0 


39. An aneurysm is a weakening of the walls of an artery causing a ballooning of the arterial wall. The result is a region of 
larger diameter than a normal artery. If the “balloon” ruptures in a high-blood-flow area, such as the aorta, death is almost 
instantaneous. Fortunately, there are often symptoms due to slow leakage that can precede rupture. What happens to the blood 
velocity as it passes through the aneurysm? Justify your answer using equations. In the human body, very small changes in 
pressure can be significant. Using the mechanical energy balance, neglecting only friction and potential energy effects, analyze 
the pressure change as blood enters the aneurysm a large distance from the heart, so that the pulse flow is not an issue. The 
blood is flowing in a region not in the vicinity of the heart. What is the effect of the observed pressure change? 

40. A pipeline is replaced by new 2-in, schedule-40, commercial-steel pipe. What power would be required to pump water at a 
rate of 100 gpm through 6000 ft of this pipe? 

41. Hot water at 43°C flows from a constant-level tank through 2-in, schedule-40, commercial-steel pipe, from which it emerges 
12.2 m below the level in the tank. The equivalent length of the piping system is 45.1 m. Calculate the rate of flow in m°/s. 

42. Crude oil (u = 40 cP, SG = 0.87) is to be pumped from a storage tank to a refinery through a series of pump stations via 10- 
in, schedule-20, commercial-steel pipeline at a flowrate of 2000 gpm. The pipeline is 50 mi long and contains 35 90° elbows 
and 10 open gate valves. The pipeline exit is 150 ft higher than the entrance, and the exit pressure is 25 psig. What horsepower 
is required to drive the pumps if they are 70% efficient? 

43. A pipeline to carry 1 million bbl/day of crude oil (1 bbl = 42 gal, SG = 0.9, u = 25 cP) is constructed with 50-in-inside- 
diameter, commercial-steel pipe and is 700 mi long. The source and destination are at atmospheric pressure and the same 
elevation. There are 50 wide-open gate valves, 25 half-open globe valves, and 50 45° elbows. There will be 25 identical pumps 
along this pipeline, each with an efficiency of 70%. What is the power required for each pump? 

44. A pump draws a solution of specific gravity 1.2 with the viscosity of water from a ground-level storage tank at 50 psia 
through 3.5-in, schedule-40, commercial-steel pipe at a rate of 12 1b/s. The pump produces 4.5 hp with an efficiency of 75%. 
The pump discharges through a 2.5-in, schedule-40 commercial steel pipe to an overhead tank at 100 psia, which is 50 ft above 
the level of solution in the feed tank. The suction line has an equivalent length of 20 ft, including the tank exit. The discharge 
line contains a half-open globe valve, two wide-open gate valves, and two 90° elbows. What is the maximum total length of 
discharge piping allowed for this pump to work? 

45. Many chemical plants store fuel oil in a “tank farm” on the outskirts of the plant. To prevent an environmental disaster, there 
are specific rules regarding the design of such facilities. One such rule is that there be an emergency dump tank with the 
capacity of the largest storage tank. Should a leak or structural problem occur with a tank, the fuel oil can be pumped into the 
emergency dump tank. 

Consider the design of the pumping system from a 250 m? tank storing #6 fuel oil into a 250 m? dump tank. The viscosity of #6 


fuel oil is 0.8 kg/m s, and its density is 999.5 kg/m. The piping system consists of 43 m of commercial-steel pipe, four 90° 
flanged regular elbows, a sharp entrance, an exit, and a pump. The oil must be pumped to an elevation 3.35 m above the exit 
point from the source tank. 

If 20-in, schedule-40, commercial-steel pipe is used, and if it is necessary to accomplish the transfer within 45 min, determine 
the power rating required of the pump. Assume the pump is 80% efficient. 

If the pump to be used has 10 kW at 80% efficiency, and the pipe is 20-in, schedule-40, commercial-steel pipe, determine how 
long the transfer will take. 

If the pump to be used has 20 kW at 80% efficiency, and the transfer is to be accomplished in 45 min, determine the required 
schedule-40 pipe size. 

46. Two parallel sections of pipe branch from the same split point. Both branches end at the same pressure and the same 
elevation. Branch | is 3-in, schedule-40, commercial-steel pipe and has an equivalent length of 12 m. Branch 2 is 2-in, schedule- 
80, commercial-steel pipe and has an equivalent length of 9 m. 

Assuming fully turbulent flow, what is the split ratio between the two branches? 

Suppose that Branch 2 ends 5 m higher than Branch 1. What is the split ratio between the branches in this case? 

47. Consider a two-pipes-in-series system: that is, Pipe 1 is followed by Pipe 2. The liquid is water at room temperature with a 
mass flowrate of 2 kg/s. The pipes are horizontal. Calculate the pressure drop across these two pipes and the power necessary to 
overcome the frictional loss. Ignore the minor losses due to the pipe fitting. The pipe data are 

PipeZ (m)Pipe Size Material 

1 10 l-in, schedule-40Commercial steel 

2 15  2-in, schedule-40Cast iron 

48. Assume that the same two pipes in Problem 19.47 are now in parallel with the same total pressure drop. Compute the mass 
flowrate in each section of pipe. Neglect additional frictional losses due to the parallel piping. Explain the reason for the 
observed split between the parallel pipes. 

49. A pipe system to pump #6 fuel oil (u = 0.8 kg/m s, p = 999.5 kg/m?) consists of 50 m of 8-in, schedule-40, commercial-steel 
pipe. It has been observed that the pressure drop is 8.79 x 104 Pa. 

Determine the volumetric flowrate of the fuel oil. 

Extra capacity is needed. Therefore, it has been decided to add a parallel line of the same length (neglect minor losses) using 5- 
in, schedule-40, commercial-steel pipe. By what factor will the fuel oil volumetric flowrate increase? 

50. There are three equal-length sections of identical 3-in, schedule-40, commercial-steel pipe in series. An increased flowrate 
of 20% is needed. How is the pressure drop affected? It is decided to replace the second section with two equal-length, identical 
sections of the original pipe in parallel. How is the pressure drop in this system affected relative to the original case? Neglect 
minor losses due to elbows and fittings and assume fully developed turbulent flow. 

51. Consider two parallel arteries of the same length, both fed by a main artery. The flowrate in the main artery is 10°° m3/s. One 
branch is stenotic (has plaque build-up due to too many Big Macs, Double Whoppers, etc.). The stenotic artery will be modeled 
as a rigid pipe with 60% the diameter of the healthy artery (diameter of 0.1 cm). For this problem, blood may be considered to 
be a Newtonian fluid with the properties of water. What fraction of the blood flows in each arterial branch? Be sure to validate 
any assumptions made. 

52. One of the potential benefits of the production of shale gas is that certain seams of the gas contain significant amounts of 
ethane, which can be cracked into ethylene, a building block for many other common chemicals (polyethylene, ethylene oxide, 
which is made into ethylene glycol among many others, and tetrafluoroethylene, the monomer for Teflon). Assume that a 
cracker plant produces ethylene (C2H4) at 5 atm and 70°F. It is to be delivered by pipeline to a neighboring plant, which was 
built near the ethylene cracker facility, which is 10 miles away. The pressure at the neighboring plant entrance must be 2.5 atm. 
It has been suggested that 6-in, schedule-40, commercial-steel pipe be used. What delivery mass flowrate is possible with this 
pipe size? If you need to make an assumption, do so and prove its validity. 

53. Natural gas (methane, u = 10> kg/m s) must flow in a pipeline between compression stations. The compressor inlet pressure 
is 250 kPa, and its outlet pressure is 1000 kPa. Assume isothermal flow at 25°C. The pipe is 6-in, schedule-40, commercial 
steel. The mass flowrate is 2 kg/s. What is the required distance between pumping stations? 

54. Your plant produces ethylene at 6 atm and 60°F. It is to be delivered to a neighboring plant 5 miles away via pipeline, and 
the pressure at the neighboring plant entrance must be 2 atm. The contracted delivery flowrate is 2 lb/sec. It has been suggested 
that 4-in, schedule-40, commercial-steel pipe be used. Evaluate this suggestion. Be sure to validate any assumptions made. 

55. Calculate the terminal velocity of a 2 mm diameter lead sphere (SG = 11.3) dropped in air. The properties of air are p = 1.22 
kg/m? and u = 1.81 x 10% kg/m s. 

56. A packed bed is composed of crushed rock with a density of 200 lb/ft? with an assumed particle diameter of 0.15 in. The bed 
is 8 ft deep, has a porosity of 0.3, and is covered by a 3 ft layer of water that drains by gravity through the bed. Calculate the 


velocity of water through the bed, assuming the water enters and exits at 1 atm pressure. 

57. A hollow steel sphere, 5 mm in diameter with a mass of 0.05 g, is released in a column of liquid and attains an upward 
terminal velocity of 0.005 m/s. The liquid density is 900 kg/m?, and the sphere is far enough from the container walls so that 
their effect may be neglected. Determine the viscosity of the liquid in kg/m s. Hint: Assume Stokes flow and confirm the 
assumption with your answer. 

58. In a particular sedimentation vessel, small particles (SG = 1.1) are settling in water at 25°C. The particles have a diameter of 
0.1 mm. What is the terminal velocity of the particles? Validate any assumptions made. 

59. At West Virginia University, each Halloween, there is a pumpkin-drop contest. College, high-school, and middle-school 
students participate. The goal is to drop a pumpkin off the top of the main engineering building (assume about 100 ft) and have 
it land close to a target without being damaged. Packing and parachutes are commonly used. You have a theory that the terminal 
velocity at which a pumpkin packed in your newly invented, proprietary bubble wrap can hit the ground and remain intact is 50 
m/s. You will use no parachute, and the shape will be approximately spherical. The pumpkin plus wrapping has a diameter of 40 
cm. By calculating the actual terminal velocity, determine whether the pumpkin will exceed the desired terminal velocity. 
Assume that the wrapped pumpkin has the specific gravity of water, and assume the air is at 25°C and 1 atm. 

60. Air enters and passes up through a packed bed of solids 1 m in height. Using the data provided, what are the pressure drop 
and the outlet pressure? 


Data: 
vs = 1m/s Piniet = 0.2 MPa 
T = 293K u = 1.8 x 10% kg/m/s 
D, = 1mm e=0.4 


Ps = 9500 kg/m? 


61. In the regeneration of a packed bed of ion-exchange resin, hydrochloric acid (SG = 1.2, u = 0.002 kg/m s) flows upward 
through a bed of resin particles (particle density of 2500 kg/m). The bed is 40 cm in diameter, and the particles are spherical 
with a diameter of 2 mm and a bed void fraction of 0.4. The bed is 2 m deep, and the bottom of the bed is 2 m off the ground. 
The acid is pumped at a rate of 2 x10 m/s from an atmospheric pressure, ground-level storage tank through the packed bed 
and into another atmospheric pressure, ground-level storage tank, in which the filled height is 2 m. The complete piping system 
consists of 75 equivalent meters of 4-in, schedule-40, commercial-steel pipe. 

Determine the required power of a 75% efficient pump for this duty. Remember that a pump must be sized for the maximum 
duty needed. 

What do you learn from the numbers in Part (a) regarding the relative magnitudes of the maximum duty and the steady-state 
duty? 

What is the pressure rise needed for the pump? 

62. A gravity filter is made from a bed of granular particles assumed to be spherical. The bed porosity is 0.40. The bed has a 
diameter of 0.3 m and is 1.75 m deep. The volumetric flowrate of water at 25°C through the bed is 0.006 m/s. What particle 
diameter is required to obtain this flowrate? 

63. Calculate the flowrate of air at standard conditions required to fluidize a bed of sand (SG = 2.4) if the air exits the bed at 1 
atm and 70°F. The sand grains have an equivalent diameter of 300 um, and the bed is 3 ft in diameter and 1.5 ft deep, with a 
porosity of 0.33. 

64. Consider a catalyst, specific gravity 1.75, in a bed with air flowing upward through it at 650 K and an average pressure of 
1.8 atm (sg; = 3 10° kg/m s). The catalyst is spherical with a diameter of 0.175 mm. The static void fraction is 0.55, and the 
void fraction at minimum fluidization is 0.56. The slumped bed height is 3.0 m, and the fluidized bed height is 3.1 m. 
Calculate the minimum fluidization velocity. 

Calculate the pressure drop at minimum fluidization. 

Estimate the pressure drop at one-half of the minimum fluidization velocity assuming incompressible flow. 

65. A manometer containing oil with a specific gravity (SG) of 1.28 is connected across an orifice plate in a horizontal pipeline 
carrying seawater (SG = 1.1). If the manometer reading is 16.8 cm, what is the pressure drop across the orifice? What is it in 
inches of water? 

66. Water is flowing downhill in a pipe that is inclined 35° to the horizontal. A mercury manometer is attached to pressure taps 
3 in apart. The interface in the downstream manometer leg is 1.25 in higher than the interface in the upstream leg. What is the 
pressure drop between the two pressure taps? 

67. An orifice having a diameter of | in is used to measure the flowrate of SAE 10 lube oil (SG = 0.928, u = 60 cP) in a 2.5-in, 
schedule-40, commercial-steel pipe at 70°F. The pressure drop across the orifice is measured by a mercury (SG = 13.6) 
manometer, which reads 3 cm. 


Calculate the volumetric flowrate of the oil. 

How much power is required to pump the oil through the orifice (not the pipe, just the orifice)? 

68. You must install a centrifugal pump to transfer a volatile liquid from a remote tank to a point in the plant 1000 ft from the 
tank. To minimize the distance that the power line to the pump must be strung, it is desirable to locate the pump as close as 
possible to the plant. If the liquid has a vapor pressure of 30 psia, the pressure in the tank is 30 psia, the level in the tank is 40 ft 
above the pump inlet, and the required pump NPSH is 20 ft, what is the closest that the pump can be located to the plant without 
the possibility of cavitation? The line is 2-in, schedule-40, commercial steel, the flowrate is 75 gpm, and the fluid properties are 
p = 45 lb/ft and w=5 cP. 

69. Refer to Figure P19.69. Answer the following questions. Explain each answer. 

At what flowrate is NPSHA = 3.2 m? Comment on the feasibility of operating at this flowrate. 

At what flowrate does the pump produce 33.5 m of head? What is the system frictional loss at this flowrate? What is the 
pressure drop across the control valve at this flowrate? 

At what flowrate does cavitation become a problem? 

What is the maximum possible flowrate? 

If the source and destination pressures are identical, what is the elevation difference between source and destination? 

At a flowrate of 1 L/s, what is the system frictional head loss? 

At a flowrate of 1 L/s, what head is developed by the pump? 

At a flowrate of 1 L/s, what is the head loss across the control valve? 
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Figure P19.69 Volumetric Flowrate of Acrylic Acid (at 89°C), L/s 
70. Benzene at atmospheric pressure and 41°C is in a tank with a fluid level of 15 ft above a pump. The pump provides a 
pressure increase of 50 psi to a destination 25 ft above the tank fluid level. The suction line to the pump has a length of 20 ft and 
is 2-in, schedule-40. The discharge line has a length of 40 ft to the destination and is 1.5-in, schedule-40. The flowrate of 
benzene is 9.9 lb/sec. 
Derive an expression for the NPSH in head units (ft of liquid) vs. flowrate in ft/s. 
Derive an expression for the system curve in head units (ft of liquid) vs. flowrate in ft?/s. 
Locate the operating point on both plots on Figure P19.70. 
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Figure P19.70 Flow of Benzene (at 41°C), ft?/s 
What is the maximum flowrate before cavitation becomes a problem? 
What is the pressure drop across the valve at the operating point? 
What is the maximum flowrate possible with one pump, two pumps in series, and two pumps in parallel? 
Data: 


(mm Hg) = 6.90565 — —2211-088 


logio P; T(C)-+220.79 


* 
benzene 


Pbenzene = 51.9 lb/ft? 
Hbenzene = 0.85 cP 


71. Acrylic acid at 89°C and 0.16 kPa (p = 970 kg/m’, u = 0.46 cP) leaves the bottom of a distillation column at a rate of 1.5 L/s. 


The bottom of a distillation column may be assumed to behave like a tank containing vapor and liquid in equilibrium at the 
temperature and pressure of the exit stream. The liquid must be pumped to a railroad heading supply tank 4.0 m above the liquid 
level in the distillation column, where the pressure must be 116 kPa. The liquid level at the bottom of the distillation column is 
3.5 m above the pump suction line, and the frictional head loss for the suction line including the tank exit is 0.2 m of acrylic 
acid. There is a cooler after the pump with a pressure drop of 3.5 m of acrylic acid. The discharge line is 1.5-in, schedule-40, 
commercial-steel pipe, with an equivalent length of 200 m. The entire process may be assumed to be isothermal at 89°C. The 
problem at hand is whether this system can be scaled up by 20%. The plots required for this analysis are in Figure P19.71. 
Based on a pump/system curve analysis, can this portion of the process be scaled up by 20%? If not, what is the maximum 
scale-up percentage? 

Based on an NPSH analysis, is it good operating policy for this portion of the process to be scaled up by 20%? If not, what is the 
maximum recommended scale-up percentage? 
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Figure P19.71 Volumetric Flowrate of Acrylic Acid (89°C), L/s 

72. Consider the pump and system curves indicated by the data in Table P19.72. Answer the following questions. 

If the source and destination are at the same height, what is the pressure change from source to destination? 

The operating condition is 1.2 L/s. What is AP¥.ction at this point? 

At 1.2 L/s, what pressure change does the pump provide? 

At 1.2 L/s, what is the pressure drop across the control valve following the pump? 

What is the maximum flowrate possible with this (assumed single) pump? 

What is the maximum flowrate possible with two identical pumps in series? 

What is the maximum flowrate possible with two identical pumps in parallel? 

Table P19.72 


Pump Curve System Curve 
Pressure Developed (kPa)Flowrate (L/s)Pressure Change (kPa) Flowrate (L/s) 


225.0 0.00 54.0 0.00 
225.0 0.40 59.0 0.50 
225.0 0.80 80.0 1.00 
224.0 1.20 115.0 1.50 
220.0 1.50 200.0 2.00 
185.0 1.86 559.0 2.50 


0.0 2.60 


Chapter 20: Process Heat Transfer 


WHAT YOU WILL LEARN 
The basics of process heat transfer 
The key relationships for designing and analyzing a heat exchanger 
Analysis of shell-and-tube heat exchangers 


Common correlations for heat transfer coefficients for single-phase and 
change-of-phase conditions 


The combination of these coefficients with appropriate resistances due 
to fouling and conduction to determine a single overall heat transfer 
coefficient 


Equations for extended heat transfer surfaces (fins) for common fin 
configurations 


Methods to design new heat exchangers 


Predicting the performance of existing exchangers 


The purpose of this chapter is to introduce the concepts needed 
to design and determine the performance of typical heat- 
exchange equipment (heat exchangers) used in the process 
industries. The emphasis is on shell-and-tube (S-T) exchanger 
design, but other exchanger types, such as air coolers, are 
mentioned. This chapter does not provide a comprehensive 
review of the processes of conduction, convection, and 
radiation, and the design and operation of fuel-fired boilers and 
fired heaters is not covered. Likewise, a comprehensive review 
of all heat transfer coefficients is not considered. The emphasis 
of this chapter is to present a set of useful working equations 
that can be used to design and evaluate the performance of heat 
exchangers. Multiple examples are included, and several 
comprehensive case studies for the design of heat exchangers 
are given. 


20.1 BASIC HEAT-EXCHANGER 
RELATIONSHIPS 


20.1.1 Countercurrent Flow 


The flow configuration between process streams and/or utility 
streams is important in determining the correct driving force 
for heat transfer. The most common, idealized model is 
countercurrent flow, which is best illustrated in the sketch and 
the temperature-enthalpy diagram (T-Q diagram) shown in 
Figure 20.1. 
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Figure 20.1 Temperature-Enthalpy Diagram (T-Q Diagram) 
for a Countercurrent Heat Exchanger 


In Figure 20.1, subscripts 1 and 2 indicate inlet and outlet 
conditions, respectively. The temperatures of the two streams 
are identified by uppercase and lowercase letters (T and t). For 
the simple case shown in Figure 20.1, there are no phase 
changes in either stream. In addition, the specific heat 
capacities of both streams are assumed to be constant, which 
gives rise to the linear temperature profiles shown in Figure 
20.1. The energy balances for both streams are 


Q = MCp (Tı - T) (20.1) 
Q = Tip (t2 — t1) (20.2) 


where capital letters are used for the hot stream and lowercase 
letters are used for the cold stream. The term Q is the total rate 
of heat transferred between streams (energy/time), M and mn 
are the mass flowrates, and C, and cp are the heat capacities of 
the streams. The streams are physically separated, usually by a 
metal wall, and heat is exchanged through this metal wall. The 
driving force for the heat exchange is, of course, the 
temperature difference (T, — tz) between the two streams at the 
given location, z, in the heat exchanger. In general, this driving 
force changes throughout the exchanger, and some appropriate 
average should be used. In order to obtain a relationship 
between Q and the inlet and exit temperatures of each stream a 
simple differential balance can be written on an element of the 
heat exchanger, as illustrated in the right-hand sketch of Figure 
20.1, to give 


dQ =U, (T, —t,)dA =U, AT,dA 
(20.3) 


where (T, - t,) = AT,. For many applications, the overall heat 
transfer coefficient U does not vary substantially with the 
location in the exchanger and thus U, = U. Since the heat 
capacities of both streams are assumed to be constant, the 
temperature difference between the streams (T; — t,) or AT; is 
also linear with respect to the amount of heat transferred, Q, as 
illustrated in Figure 20.2. 
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Figure 20.2 Temperature Difference between Streams, AT, 
as a Function of the Heat Exchanged, Q, in a Countercurrent 
Heat Exchanger 


From Figure 20.2, it can be seen that 


dAT _ ATi- AT, orao- _QdAT 
Q Q Tae TAG = ATE 
(20.4) 


Substituting Equation (20.4) into Equation (20.3) and 
dropping the subscript z gives 


QdAT 


——— = UATdA 20.5 
AT, — AT, eo) 


Integrating Equation (20.5) gives 


AT, A 
of SF =u(an- AR) [aA 
A 0 


i AT 
(20.6) 
AT: 
Qin AG = UA (AT, — AT) 
(20.7) 
or 
Q = UAATm (20.8) 


where ATm is known as the log-mean temperature difference, 
or LMTD, and is given as 


AT, — AT. 
AT = LMTD = = ^? 


For heat-exchanger design and performance calculations, 
the LMTD is the correct average temperature to use when the 
streams flow countercurrently, and Equation (20.8) is the 
design equation for heat exchangers. 


Note: For the special case when M Cp = Mcp or when there 
are constant-pressure phase changes for both streams, the AT 
between the hot and cold streams is constant throughout the 
heat exchanger; that is, the T-Q lines for both fluids are parallel. 
For such cases, the expression for the LMTD gives 0/In(), 
which is indeterminate, but by using L’H6pital’s rule, it can be 


shown that LMTD = AT. Since the LMTD is simply an average 
temperature difference between the streams, it should make 
sense that the average between identical temperature 
differences is just that temperature difference. 


20.1.2 Cocurrent Flow 


An alternative flow pattern in heat exchangers is cocurrent flow, 
which is illustrated in the sketch and T-Q diagram shown in 
Figure 20.3. 
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Figure 20.3 T-Q Diagram and Sketch for a Cocurrent Heat 
Exchanger 


A similar analysis to that given for the countercurrent 
exchanger could be carried out for the cocurrent configuration 
and would result in the same Equation (20.5). However, now 
AT, = (T; - t,) and AT, = T, - tə, The cocurrent configuration is 
less efficient in terms of heat exchange for two reasons. First, 
the average driving force is smaller than for countercurrent 
operation; therefore, the heat-exchange area for a given Q will 
be higher for cocurrent flow than for countercurrent flow. 
Second, the limiting temperature that either stream can reach is 
the exit temperature of the other stream, whereas for 
countercurrent operation, the limiting exit temperature is the 
inlet temperature of the other stream. Examples 20.1 and 20.2 
illustrate these differences. 


Example 20.1 


A gas is to be cooled from 100°C to 45°C using cooling 
water that enters the heat exchanger at 30°C and leaves 
at 40°C. What is the LMTD for the heat exchanger if the 
flow of the streams is 


1. countercurrent? 
2. cocurrent? 


3. How much more heat-exchange area would be required for the 
cocurrent exchanger compared to the countercurrent exchanger? 
Solution 


1. For countercurrent flow, the T-Q diagram is shown in Figure 
E20.1(a). 
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Figure E20.1(a) T-Q Diagram for Countercurrent 
Flow in Example 20.1 


AT, = 60°C, AT, = 15°C 
LMTD = (60 — 15) /In (60/15) = 32.46°C 


2. For cocurrent flow, the T-Q diagram is shown in Figure E20.1(b). 
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Figure E20.1(b) T-Q Diagram for Cocurrent Flow 
in Example 20.1 
AT; = 70°C, AT, =5°C 
LMTD = (70 — 5) /In (70/5) = 24.63°C 


3. Since A = Q/(UATim) 


th Aiocirrent AT im, countercurrent 32.46 
en = se 


Acountercurrent AT im cocirrent 24.63 


= 1.318 


Thus the cocurrent exchanger area would be 31.8% larger than the 
countercurrent exchanger area for the same heat duty. 


Example 20.2 


For the streams and flow configurations used in Example 
20.1, what is the lowest temperature to which the gas 
stream can be cooled assuming the cooling water must 
leave the exchanger at 40°C? 


Solution 


The limiting condition for each heat-exchanger 
configuration is given when the exit gas stream is at the 
same temperature as the cooling water temperature; this 
situation is shown for countercurrent and cocurrent 
flows in Figure E20.2(a)(b), respectively. 
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Figure E20.2 Limiting Temperature Profiles for (a) 
Countercurrent and (b) Cocurrent Flow 


This gives 


Countercurrent — limiting temperature = 30°C 
Cocurrent — limiting temperature = 40°C 


20.1.3 Streams with Phase Changes 


Often in chemical processes, heat exchangers are used to boil or 
condense streams. When there is a change of phase in either or 
both streams, the temperature-enthalpy diagrams for heat 
exchangers look different from those shown in Section 20.1.1. 
Some examples are illustrated in Figure 20.4. In Figure 20.4, 
the phase change occurs at constant temperature and nearly 
constant pressure, and there is no subcooling or superheating of 
streams. Therefore, one fluid is either simply boiling or 
condensing while the other fluid does not undergo a phase 
change. 
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Figure 20.4 T-Q Diagrams for (a) Stream 1 Cooling and 
Stream 2 Boiling, (b) Stream 1 Condensing and Stream 2 
Heating, (c) Stream 1 Condensing and Stream 2 Boiling 


For all these cases, the LMTD should be used as the 
appropriate temperature driving force in heat-exchanger 
calculations. More complicated examples exist when both 
temperature and phase changes for one or both fluids occur 
within the same heat exchanger. This results in sensible heat 
changes (rhcp) and phase changes (nA) occurring within the 
same heat exchanger. For example, Figure 20.5 illustrates the 
case when Stream 2 is a subcooled liquid that is heated to 
saturation, boiled, and then the vapor is superheated using a 
superheated vapor (Stream 1) that cools, condenses, and 
subcools. 


Figure 20.5 T-Q Diagram in which Stream 1 Enters as a 
Superheated Vapor and is Cooled to Saturation (a, to ag), 
Condenses (az to ag), and Then Is Subcooled (ag to a4) and 
Leaves as a Subcooled Liquid (a4) while Transferring Heat to 
Stream 2 That Enters as a Subcooled Liquid and Is Heated to 
Saturation (b; to b2), Vaporizes (bə to b3), and Is Then 
Superheated (b3 to b4) and Leaves as a Superheated Vapor 
(b4) (the Dotted Lines between a, and ay and b; and b4 
Should Not Be Used to Determine the LMTD) 


From Figure 20.5, it should be clear that using a single 
LMTD (shown by the dotted lines drawn between the end-point 
temperatures) based on the conditions of the streams entering 
and leaving the heat exchanger does not provide a realistic or 
accurate estimate of the correct average driving force within the 
heat exchanger. In cases such as these, it is necessary to divide 
the heat exchanger into sections in which the T versus Q line is a 
single straight-line segment for each fluid in each section. For 
the case illustrated in Figure 20.5, this would result in five 
separate sections, known as zones, labeled A through E in the 
figure. The design (and performance) of the heat exchanger 
would then follow a “zoned analysis” that would consider each 
section or zone (A-E in Figure 20.5) separately. 


20.1.4 Nonlinear Q versus T Curves 


In certain cases, most often when there is a large temperature 
change for a fluid in a heat exchanger, the specific heat capacity 
of the fluid may change significantly, and the T-Q line for a 
stream (or both streams) is curved, as shown in Figure 20.6. 
This situation can also occur when partial condensation occurs 
in a stream containing condensable and noncondensable 
components; however, this situation is far more complicated 
and must be considered as a separate case (see Section 20.1.5). 
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Figure 20.6 T-Q Diagrams for Cases When (a) One Fluid or 
(b) Both Fluids Have Nonlinear T-© Lines 


Comparing Figure 20.6 and the analysis carried out in 
Section 20.1.1, it should be clear that since the T-Q lines for at 
least one of the streams is not straight, the integration of 
Equation (20.3) will no longer yield the LMTD and Equation 
(20.7). For these cases, the usual practice is to integrate 
Equation (20.3) numerically to give the appropriate form of 
Equation (20.8). 

An alternative method is to approximate the curved T-Q line 
as straight-line segments, and the LMTD for each segment can 
then be found, similar to a zoned analysis. Figure 20.7 


illustrates this method. 
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Figure 20.7 T-Q Diagram for an Exchanger with a Variable 
Specific Heat, Where T; and ti Are Intermediate Temperatures 
Used in the Linear Approximation of the Temperature Profile 


20.1.5 Overall Heat Transfer Coefficient, U, Varies along the 
Exchanger 
In the derivation of LMTD given in Section 20.1.1, it was 
assumed that the overall heat transfer coefficient did not vary 
within the heat exchanger. Often this assumption is very good. 
However, for the case when streams undergo large temperature 
changes, the physical properties used to estimate film heat 
transfer coefficients, especially liquid viscosity, may change 
greatly. For this case, the analysis to determine the required 
heat transfer area becomes complex because the variation in U 
must be included in the integration of Equation (20.3). For the 
case when the change in Uis linear or close to linear with the 
amount of heat transferred, Q, a modification of Equations 
(20.8) and (20.9) can be made: 


U2 AT» = U1 AT; 
Uy AT» 
U, AT, 


Q=A = A(UAT) 


lm 
In 


(20.10) 


where the term (UAT) ım 1S the logarithmic mean of the 


product of U and AT. Example 20.3 illustrates the use of this 
equation. 


Example 20.3 


Low-pressure steam at 160°C is used to heat very viscous 
oil from 30°C to 65°C in a heat exchanger located at the 
inlet to a pump. The amount of energy needed to heat the 
oil is 2.65 GJ/h. Over the temperature range of the oil, 
the physical and transport properties of the oil are all 
constant except for the viscosity, which decreases 
significantly as the oil is heated. Using this information, 
calculations show that the overall heat transfer 
coefficients at the oil inlet and outlet are 245 and 390 
W/m7*/K, respectively. For this exchanger, draw the T-Q 


diagram and calculate the heat transfer area required in 
the heat exchanger. 


Solution 


The information in the problem statement is represented 
in Figure E20.3. 


160°C ~ | 160°C 
AT, =95°C 
AT, = 130°C 
65°C 
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Figure E20.3 Variation of Temperature Differences 
and Overall Heat Transfer Coefficients over the Heat 
Exchanger 


Using Equation (20.10), 


TAT Q 


lm 


(UAT), = 2a ee eee 


lm U AT (95)(390) 
U1 AT, (245)(130) 
37,050—31,850 2 
= ——_— = 34, 384 W/m 
l 


37,050 
31,850 


= 2.650 x 10° [J/h] 
(3600) [s/h] (34,384) [W/m] 


= 21.4m? 


For the case of partial condensation from a gas stream 
containing noncondensables, the situation is even more 
complex, because the temperature driving force and U 
may both vary nonlinearly with Q. Additionally, the mass 
transfer of the condensable component through the 
noncondensable component to reach the cold surface 
must be considered. Such situations require numerical 
solutions that include the changing physical properties, 
film heat and mass transfer coefficients, and temperature 
driving forces throughout the heat-exchange equipment. 
Many commercial software vendors, including Heat 
Transfer Research, Inc. (HTRI), Aspen Technology, Inc., 
Chemstations, and others, provide programs to perform 
these calculations. 


20.2 HEAT-EXCHANGE EQUIPMENT 
DESIGN AND CHARACTERISTICS 


20.2.1 Shell-and-Tube Heat Exchangers 


Throughout this chapter, many references are made to S-T heat 
exchangers. These exchangers are the workhorse of the process 
industry, and an enormous amount of literature is available 


about the thermal and mechanical design of this type of 
equipment. Many of the mechanical considerations are set forth 
in the Standards of the Tubular Exchanger Manufacturers 
Association [1]. A brief summary of the key design 
considerations are given here followed by a list of heuristics for 
choosing which fluid should be placed in the shell or tube side 
of the heat exchanger. The main components of an S-T 
exchanger are 


e Shell and shell cover 
e Tubes and tubesheet 


Channel and channel cover 


Baffles 


Inlet and outlet nozzles 


A good review of each of these components is given by 
Mukherjee [2], and a summary of the results of this work are 
presented in the next section. The TEMA designations for S-T 
heat exchangers are given in Figure 20.8, the notation for 
several examples of S-T exchangers are given in Figure 20.9, 
and some standard designs are given in Figure 20.10. 
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Figure 20.8 TEMA Designations for Shell-and-Tube Heat 
Exchangers (Courtesy of Tubular Exchanger Manufacturers 
Association, Inc. [TEMA, 2013]) 


1. Stationary Head-Channel 

2. Stationary Head-Bonnet 

3. Stationary Head Flange-Channel or Bonnet 
4. Channel Cover 

5. Stationary Head Nozzle 

6. Stationary Tubesheet 

7. Tubes 

8. Shel | 

9. Shell Cover 
10. Shell Flange-Stationary HeadEn d 
11. Shell Flange-RearHeadEn d 
12. Shell Nozzi e 

13. Shell Cover Flange 


14. Expansion Joint 

15. Floating Tubesheet 

16. Floating Head Cover 

17. Floating Head Cover Flange 
18. Floating Head Backing Device 
19. Split Shear Ring 

20. Slip-on Backing Flange 

21. Floating Head Cover-External 
22. Floating Tubesheet Skirt 

23. Packing Box 

24. Packing 

25. Packing Gland 

26. Lantern Ring 


27. Tierods and Spacers 

28. Transverse Baffles or Support Plates 
29. Impingement Plate 

30. Longitudinal Baffle 

31. Pass Partition 

32. Vent Connection 

33. Drain Connection 

34. Instrument Connection 
35. Support Saddle 

36. Lifting Lug 

37. Support Bracket 

38. Weir 

39. Liquid Level Connection 
40. Floating Head Support 


Figure 20.9 Notation for Shell-and-Tube Heat Exchangers 
(Courtesy of Tubular Exchanger Manufacturers Association, 


Inc. [TEMA, 2013]) 


Figure 20.10 Some Standard Shell-and-Tube Heat 
Exchanger Designs (Courtesy of Tubular Exchanger 
Manufacturers Association, Inc. [TEMA, 2013])(Continued) 


20.2.1.1 Shell Configurations 


There are essentially seven types of shells, designated Types E, 
F, G, H, J, K, and X in Figure 20.8. The shell type essentially 
describes the flow pattern in the shell. The simplest and most 
common configuration is Type E, a one-pass shell, in which the 
shell-side fluid flows either from left to right (inlet on top left of 
shell) or from right to left (inlet at bottom right of shell). Two 
shell passes can be achieved in a single shell by providing a 
longitudinal baffle down the center of the shell (Type F) that 
extends to a point short of the tubesheet. If this type of 
exchanger has only two tube passes, then it is a true 
countercurrent arrangement. Types G and H are characterized 
by a split flow on the shell side. For Type G, the feed and outlet 
nozzles are placed at the middle of the shell, and a longitudinal 
baffle, located at the centerline of the shell, diverts the fluid 
from the center to both ends and then back to the middle as it 
exits. The maximum tube length for this type of heat exchanger 
is ~3 m, since the tube cannot be supported and will lead to 
unacceptable tube vibration for longer unsupported tube 
lengths. For Type H, the shell-side fluid is split into two inlet 
nozzles, longitudinal baffles divert the flow to the left and right, 
and the flow reverses direction as it passes the baffles and flows 
back toward the two exit nozzles. This arrangement can be used 
if tube lengths longer than 3 m are desired. Both Types G and H 
are used mainly for horizontal thermosiphon reboilers in which 


the driving force for circulation of the process fluid, which is 
partially vaporized, is due to the density difference between the 
liquid entering the reboiler and the two-phase mixture 
returning to the column. Type J is similar to Type H except 
there is only a single inlet nozzle and two outlets (1—2 Type J). 
Alternatively, there may be two inlets and one outlet (2—1 Type 
J). Type K is for kettle-type reboilers and is characterized by a 
flared shell that allows significant vapor disengaging space 
above the boiling liquid and also may contain an overflow weir 
that maintains a liquid level above the tube bundle. Type X is a 
cross-flow arrangement, usually containing multiple inlet 
distribution and collection nozzles inside the shell that 
approximates a cross-flow movement of the shell-side fluid. The 
pressure drop for the shell side of these exchangers is extremely 
low and is preferred for low-pressure and vacuum-vapor coolers 
and condensers. 


20.2.1.2 Tubesheet and Tube Configurations 


The tube-side and shell-side fluids are separated by tubesheets, 
one at either end of the heat exchanger, or, in the case when U- 
tubes are used, by a single tubesheet at one end of the 
exchanger. The tubesheet is generally a circular, flat piece of 
metal with holes drilled in it to accept the tube ends. Examples 
of tube connections are shown in Figure 20.11. Tubes may be 
attached to the tubesheet via a number of methods. For 
example, the tubesheet may be drilled, reamed, and machined 
with several grooves, with the tubes forced-fit and rolled into 
the grooves in the tubesheet, as seen in Figure 20.11(a). In 
addition, a strength-or seal-weld may be added, as illustrated in 
Figure 20.11(b). These welds provide complete separation 
between the two fluids (shell side and tube side) and ensure no 
intermixing of fluids occurs. For critical services, when it is vital 
to avoid intermixing of fluids because of violent cross-reaction 
and/or degradation of valuable product, a double tubesheet may 
be employed, as seen in Figure 20.11(c). The gap between the 
tubesheets would typically be vented and monitored for any 
leaks. 
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Figure 20.11 Different Connections between Tubesheets and 
Tubes 


The arrangement or layout of tubes in an S-T exchanger is 
determined by the rotation or orientation of the tubes relative to 
the shell-side fluid, the spacing between the tube centers (the 
tube pitch), and the layout pattern (triangular or square). Some 
variations of these three factors are illustrated in Figure 20.12. 
In general, a given shell diameter accommodates more tubes if a 
triangular arrangement is used (Figure 20.12[c][d]), and this 
leads to more turbulence on the shell side and a 
correspondingly higher shell-side heat transfer coefficient. On 
the downside, when the typical tube pitch of 1.25 times the tube 
outer diameter is used, a triangular arrangement will not permit 
the mechanical cleaning of the tubes, because there are no 
access lanes between the tubes to allow for a brush or similar 
device to clean the accumulated scale from the outside surfaces 
of the tubes. Mechanical cleaning on the shell side using a 
triangular arrangement of tubes is possible if a larger tube pitch 
is used, but this requires a larger shell diameter and greater 
expense. When mechanical cleaning is desired on the shell side, 


a Square or rotated square pitch is preferred. 
bE \ of 
shell-side flow 


(d) 


Figure 20.12 Layout Patterns for Tubes: (a) Square Pitch, 
(b) Rotated Square Pitch, (c) Triangular Pitch, and (d) 
Rotated Triangular Pitch 


20.2.1.3 Fixed Tubesheet and Floating Tubesheet (Head) Designs 


For a “standard” 1—2, S-T heat exchanger, the tubesheet at the 
front end of the exchanger, which contains the feed and 
discharge nozzles (left column of Figure 20.8), is fixed or 
anchored to the exchanger. This is referred to as a stationary 
head. For the case when the tubesheet at the other end of the 
exchanger is also fixed, as illustrated in Types L, M, and N in 
Figure 20.8, the exchanger is referred to as a fixed-tubesheet 
design. Since the average temperatures on the shell side and 
tube side will be different, thermal expansion of the tubes and 
shell will also be different, and this differential expansion will 
cause mechanical stress at the points where the tubes and shells 
are connected or anchored. For small differences between the 
average shell-and tube-side temperatures, this mechanical 
stress is not excessive, and no damage to the exchanger will 
result. However, as the average temperature difference between 
the two fluids in the exchanger becomes larger, the differential 
expansion becomes excessive and could cause buckling and 
failure for a fixed tubesheet exchanger. To alleviate this 
problem, a floating head or floating tubesheet is used, as shown 
in Figure 20.8 (types P, S, T, and W). It should also be noted 
that the use of U-tubes (Type U) eliminates the use of a second 
tubesheet and, therefore, eliminates any problems associated 
with differential thermal expansion. However, it is difficult to 
clean the “U-bend” in these tubes mechanically, so the use of U- 
tubes should be avoided when the tube-side fluid fouls. 


20.2.1.4 Shell-and-Tube Partitions 


The standard 1-2, S-T design can be stacked to form any 
combination of N-2N shell-tube designs. However, it is often 


economical to provide multiple tube-pass and shell-pass 
configurations in a single shell by the use of longitudinal 
partitions in the shell and by partitions in the tube channel or 
head. The longitudinal shell partitions are usually welded to the 
shell to avoid leakage and bypass. Likewise, the partitions in the 
tube channels at either end of the exchanger have plates welded 
in place to direct and redirect the tube-side flow through the 
multiple tube passes. In virtually all cases of S-T exchangers, 
one or more tube partitions will be present. Therefore, the 
arrangement of the tubes in the tube bundle along the line of 
the partition plates will result in areas without tubes, even when 
a shell-side partition is not used. This situation is shown in 
Figure 20.13. 


Tube partition in front or end channel 


O5050 
OGOGS 2 
ogogo 


O 
O 
Q 
so 
O 
rat 
YU 
a 
UO 
A 


2 


O 


00000000000000 


OOOC 


\elelele cio clelelelelele.celeie.e 


Regular arrangement of tubes is disrupted 
around tube partition plates 


Figure 20.13 Arrangement of Tubes for Different Tube-Pass 
Configurations 


20.2.1.5 Baffles 


Shellside baffles are used for two main reasons. First, they 
support the tubes at regular intervals, and the shorter the 
unsupported length of a tube, the less damage there is due to 
vibration. Second, the baffles direct the shell-side fluid back and 
forth over the tube bundle, and the perpendicular flow increases 
the shell-side heat transfer coefficient. There are essentially two 
types of baffles (plate and rod types), and they are available in 
several different arrangements. Figure 20.14 shows the three 
common arrangements for plate baffles and the notation used 
to describe the baffle arrangements. The baffle-cut is the 
fraction of the diameter of the baffle plate that is totally open to 
flow. The baffle cut is usually expressed as a percentage, such as 
20%. The maximum range of values for baffle cut is between 
15% and 45%, although a narrower range of 20% to 35% is 
strongly recommended by Mukherjee [2]. Other arrangements 
of plate baffles are also possible, such as triple segmented 
baffles and baffles without tubes in the baffle windows. For rod- 
type baffles, the tubes are held in place by a series of rods placed 
at right angles to other rods and the tubes. One arrangement is 
shown in Figure 20.15. The advantages of rod baffles are their 
low pressure drop and reduction in tube vibrations. For rod- 


type baffles, the direction of flow is essentially parallel to the 
tube bundle. The shell-side fluid flows through the gaps 


Spacing of baffles along the shell __ 
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between the rods and tubes, which promotes local turbulence 
and good heat transfer while reducing the shell-side pressure 
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Figure 20.14 Typical Arrangements for Plate Baffles: (a) 
Single Segmented Baffle, Horizontal Arrangement; (b) Single 


Segmented Baffle, Vertical Arrangement; (c) Double 
Segmented Baffle, Horizontal Arrangement; (d) Double 


Vertical Arrangement; (e) Disk and Donut 


Segmented Baffle, 
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Shell-side elevation diagram 


View looking through tube bundle 
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Rods arranged on grid Alternating vertical and horizontal rows of rods 


Figure 20.15 Typical Arrangement of Rod-Baffle Systems 


20.2.1.6 Shell-Side Flow Patterns 


From the previous section, it is clear that baffles are usually 
used to promote the ordered movement of shell-side fluid from 
the inlet to the outlet. The actual flow pattern that the fluid 
takes in a design using plate baffles is very complicated, 
because, in addition to the intended cross flow movement of the 
shell-side fluid, there are multiple alternative leakage paths that 
allow fluid to bypass the intended flow direction. An analysis of 
the flow patterns in plate baffle exchangers was made by Tinker 
[3], who identified four leakage or bypass streams in addition to 
the main cross-flow stream. The main and desired flow 
direction for the shell-side fluid is shown as B in Figure 20.16. 
Stream B moves as a cross-flow stream across the tube bundle 
and then reverses at the shell wall and flows back across the 
tube bundle before reversing at the opposite shell wall and so 
on. This movement provides very efficient heat transfer. 
Accompanying this flow are four alternative streams (A, C, E, 
and F), which do not follow the desired flow pattern. Flow 
pattern A is caused by the clearance between the baffle plates 
and the tubes that allows fluid to pass between the gaps in the 
baffle plate. Flow pattern C is a bundle bypass stream, which 
does not fully penetrate the depth of the tube bundle but rather 
slipstreams around the next baffle. Flow pattern E is caused by 
fluid flowing parallel to the tube bundle at the walls of the shell. 
This fluid essentially provides little or no heat transfer between 
the shell and tube fluids. The final flow pattern, F, is a 
longitudinal flow created by areas in the tube bundles that have 
a disrupted tube pattern. Such areas occur when there are shell- 
side partitions or tube-side partitions. For the case when there 
is a Shell-side partition, a gap exists next to the partition that 
has fewer tubes in it compared with the main tube bundle. Even 
for the case when there is no shell-side partition, the 
arrangement of tubes to accommodate the number of tube 
passes causes a disruption in the pattern of tubes in the shell 
giving rise to bypassing lanes (see Figure 20.13). In both these 
cases, a low resistance path for the shell-side fluid exists, 
creating a bypass stream, F. Figure 20.17 shows the effect that 
baffle cut has on side flow patterns. If the baffle cut is too large, 
then significant shortcutting of fluid (Flow Pattern C in Figure 
20.16) occurs that lowers the heat transfer efficiency. As the 
baffle cut decreases, the shell-side pressure drop increases 
significantly. As stated previously, the recommended baffle (BC) 
cut is between 20% and 35%. 


Shall Channel Tube Bundle 


[x \ 
SE 


Figure 20.16 Flow Patterns on Shell-Side of an S-T 
Exchanger: B, Desired; A, Baffle Plate Leakage; C, Flow Short 
Circuiting around Baffle; E, Flow Short Circuiting around 
Shell Wall; F, Flow Short Circuiting through Tube Bundle 
(Adapted from Tinker, T., “Shellside Characteristics of Shell- 
Tube Heat Exchangers—A Simplified Rating System for 
Commercial Heat Exchangers,” Trans. ASME 80 [1958]: 36- 
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Figure 20.17 The Effect of Baffle-Cut on the Flow Pattern of 
Shell-Side Fluid: (a) Baffle-Cut Too Small Causing High 
Pressure Drop, (b) Baffle-Cut Too Large Giving Significant 
Flow Bypassing and Poor Penetration of Tube Bundle, (c) 
Baffle-Cut Just Right Showing Good Penetration of Shell-Side 
Flow through Tube Bundle (Adapted from Mukherjee, R., 
“Effectively Design Shell-and-Tube Heat Exchangers,” Chem. 
Eng. Prog. 2 [1998]: 21-37) 


20.2.1.7 Heuristics for Shell-and-Tube Exchanger Designs 


The following is a list of heuristics for the design of S-T heat 
exchangers that is modified from Bell and Mueller [4]. Like any 
set of heuristics, these should be used as guidelines and not as 
immutable laws. Some heuristics may seem to be contradictory, 
and the final choice is often a compromise between conflicting 
phenomena, with the deciding factor being which design is the 
least expensive. 


Choice of Tube-Side Fluid 


e If one stream has a much lower film coefficient that the other, the lower 
coefficient stream should be placed in the shell so that extended surfaces 
(fins) can be added to the outside of the tubes to increase the surface area 
(see Section 20.6). Therefore, if a gas and a liquid are to exchange heat, the 
gas would normally go on the shell side. For high-and low-viscosity 
liquids, the low-viscosity fluid is normally placed in the tubes. 


e Ifone fluid is highly corrosive (compared to the other), this fluid should be 
placed in the tubes. This heuristic is due to the corrosive fluid needing to 
be in contact with a corrosion-resistant alloy, which is usually expensive. It 
makes the best economic sense to have the tubes (and connecting piping) 
made from this alloy. On the other hand, the shell (and baffles and tie 
rods, etc.) can be made out of a less expensive material (like carbon steel) 
that is only in contact with the shell-side (less corrosive) fluid. 


e Ifthe temperature and pressure conditions for one of the fluids require the 
use of specialty alloys, that fluid is placed in the tubes for the same reasons 
given for highly corrosive fluids. 


e When one fluid is at much higher pressure than the other fluid, that fluid 
is placed in the tubes. Since higher pressure requires thicker walls, it 
makes sense to place the high-pressure fluid inside the tubes, while the 
shell can be designed for the lower-pressure fluid. 


o Ifone fluid causes severe fouling or scaling, that fluid is placed in the 
tubes, but a U-tube (Type U) design is not used. Since straight tubes can 
be mechanically cleaned relatively easily, it makes sense to put the fouling 
fluid in the tubes. 


Choice of Shell Type 


e Fixed tubesheet arrangements are not designed to be able to relieve 
thermally induced stresses. One heuristic is to use fixed tubesheet 


exchangers only when the inlet temperatures of the two streams differ by 
less than 55°C (100°F). 


e Fixed tubesheet exchangers have been used for temperature differences up 
to 110°C (200°F) with rolled expansion joints for moderate pressures in 
the shell (<10 bar). 


e U-tube bundles provide a comprehensive solution to the thermal stress 
problem on the tube side, because they contract and expand 
independently of the shell, but tubesheet stresses still exist. 


e If one fluid is very viscous, this fluid should be placed on the shell side, 
provided that by doing so the fluid is in the turbulent regime (Reg > 100). 
If turbulent flow conditions cannot be achieved in the shell, the viscous 
fluid should be placed in the tubes. 


o Ifone fluid requires a low-pressure drop through the exchanger, this fluid 
is placed on the shell side of the exchanger. In general, the shell-side 
pressure drop is lower than the tube-side pressure drop. In addition, as 
discussed in Section 20.2.1.1, many different shell configurations are 
available that lower the shell-side pressure drop. 


20.3 LMTD CORRECTION FACTOR FOR 
MULTIPLE SHELL AND TUBE PASSES 


20.3.1 Background 


In the previous sections, the ideal case of pure countercurrent 
flow and the configuration of typical S-T heat exchangers were 
investigated. For nonreacting systems, pure countercurrent flow 
is the best flow configuration (the configuration that requires 
the smallest heat-exchange area) for a given system. In practice, 
exchangers with pure countercurrent flow are not the usual 
choice. For reasons of compactness and cost, heat exchangers 
are configured with flow patterns that usually fall somewhere 
between the extremes of pure countercurrent and pure 
cocurrent flow. 


To account for flow patterns that are not purely 
countercurrent, Equation (20.8) can be rewritten to include an 
LMTD correction factor, F}, where the subscript refers to a type 
of flow such as cocurrent or cross-current or to the type of heat 
exchanger being used. Thus, the generalized working design 
equation for exchangers becomes 


Q = UAAT in F, (20.11) 


By convention, the LMTD for pure countercurrent flow is 
taken as the reference configuration, and the correction factor, 
F,, is always the correction relative to pure countercurrent flow. 
In this way, Fy is always less than or equal to 1.0. For pure 
cocurrent flow, the LMTD correction factor, Feocurrent, iS given 
by 
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where P is the ratio of the temperature change of the tube-side 
stream to the maximum temperature difference in the 


exchanger and R is the ratio of heat capacities of the tube-side 
to shell-side streams, 
(Tı T Tz) MCp 


to —t 
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In the process industries, the workhorse of industrial heat 
exchangers is the S-T design. Many of the important design 
issues for these heat exchangers were covered in Section 20.2. 
However, in the next section, the effect of different, nonideal 
flow patterns on the LMTD correction factor (F4) is covered. 


20.3.2 Basic Configuration of a Single-Shell-Pass, Double-Tube- 
Pass (1-2) Exchanger 

As pointed out in Section 20.2, the most common form of heat 

exchanger in the process industries is the S-T heat exchanger. 

The most common form of S-T exchanger is the single-shell- 

pass, two-tube-pass or 1—2 design, which is illustrated in Figure 

20.18. 
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Figure 20.18 Flow Configuration for a 1-2, S-T Heat 
Exchanger—Solid Lines with Arrows Show Flow Path for 
Tube-Side Fluid, and Dotted Lines with Arrow Show Flow 
Path for Shell-Side Fluid 


Figure 20.18 is a schematic diagram illustrating the flow 
pattern for a 1-2, S-T heat exchanger. Many of the technical 
details of S-T heat exchangers are covered in Section 20.2, but a 
further, brief description of the fluid flow paths is given here. 
Referring to Figure 20.18, the tube-side fluid enters from the 
top of the diagram and passes into a head-channel. The fluid 
then flows horizontally (from left to right) through a series of 
parallel tubes into a second head-channel on the right of the 
diagram. The tube-side stream then reverses direction and 
passes from right to left through the bottom set of parallel tubes 
into the left-hand head-channel where it finally leaves the heat 
exchanger. The shell-side fluid enters the shell, which is 
separated from the two head-channels by a tubesheet at either 
end of the exchanger. The shell-side fluid passes from left to 
right in the shell and is guided by a set of baffles that direct the 
flow. This fluid finally leaves the shell at the bottom right in the 
diagram. An insert is shown at the top of Figure 20.18 that 
shows in more detail the flow patterns of the different streams. 


The insert identifies three regions (labeled i, ii, and iii). In 
Region i, the shell-side and tube-side fluids flow cocurrently 
with each other. In Region ii, the shell-side fluid flows 
perpendicular or cross-currently with the fluid in the tubes. 
Finally, in Region iii, the shell-and tube-side fluids flow 
countercurrent to one another. From this description, it should 
be clear that the flow pattern in this type of heat exchanger does 
not fit either the countercurrent or cocurrent models described 
previously. 

Despite the apparently complicated flow pattern shown in 
Figure 20.18, it has been shown by Bowman, Mueller, and 
Nagle [5] that the flow pattern is closely approximated by half 
the exchanger with cocurrent flow (top half of tubes in Figure 
20.18) and the other half with countercurrent flow. With this 
assumption, an analytical expression for F',_. can be found, and 
is given as Equation (20.13) and illustrated in Figure 20.19. 
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Figure 20.19 LMTD Correction Factor, F}—9, for a 1—2, S-T 
Heat Exchanger (this figure is also good for one shell pass and 
any even number of tube passes, i.e., F;-4, F1-6, F1-8, etc.) 
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Figure 20.19 illustrates the correction factor, F_5, as a 
function of P and R for a 1-2, S-T exchanger. It should be noted 
that the correction factor for a 1—2, S-T exchanger is essentially 
the same (within 1% to 2%) for a single shell pass with any 
number of even tube passes, and the results from Equation 
(20.13) and Figure 20.19 may be used. Therefore, Fy» = Fy_4 = 
F,_6 = F,_g, and so on. 

From Figure 20.19, it should be clear that for any given value 
of R, there exists a maximum value of P, Pmax The value of Pinay 
is given by Equation (20.14): 
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(20.14) 


For values of P > Pmax no solution to Equation (20.13) exists, 
or to put it another way, a 1—2, S-T exchanger cannot always be 
used to make the temperature of the streams change as desired. 
The uses of the LMTD correction factor, Figure 20.19, and the 
limitations of 1-2, S-T exchangers are illustrated in Example 
20.4. 


Example 20.4 


1. A 1-2, S-T heat exchanger is used to cool a process stream from 
70°C to 50°C using cooling water at 30°C heated to 40°C. For this 
heat exchanger, determine the value of F,_». 

2. Repeat this calculation, using the same cooling water 
temperatures for the case when the exit process temperature is 
40°C. 

3. Repeat this calculation, using the same cooling water 
temperatures for the case when the exit process temperature is 
35°C. 

4. Repeat Part (b) but switch the tube and shell side fluids. 


Solution 


1. P= (te - tı)/(Tı - tı) = (40-30)/(70-30) = 0.25 
R= (T, - T2)/(tə - tı) = (70-50)/(40-30) = 2.0 
From Figure 20.19, values for P and R are shown as dotted lines, 
and F,- = 0.942. 


Alternatively, using Equation (20.13), 
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2. P= (t, - t,)/(T, - t)= (40 - 30)/(70 - 30) = 0.25 
R = (Tı - T2)/(tə - tı)= (70 - 40)/(40 - 30) = 3.0 
From Figure 20.19, F,_. = 0.81 and using Equation (20.13), 
(3? 1)In | 1—0.25 | 
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3- P= (t - t)/(T, - t) = (40 -30)/(70 - 30) = 0.25 
R = (T; - T2)/(tə - th) = (70 - 35)/(40 - 30) = 3.5 
From Figure 20.19 or using Equation (20.11), there is no solution; 
that is, it is not possible to design a 1-2, S-T exchanger for this 
situation. 


The situation can be verified by applying Equation (20.14): 
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R+14+vVR?4+1 35414735741 
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Prax = = 0.2457 


This confirms that only values of P < Pmax result in feasible 
solutions. 
4. P= (ts - tı)/(Tı - tı) = (40 - 70)/(30 - 70) = 0.75 
R = (T; - T2)/(te - tı) = (30 - 40)/(40 - 70) = 0.333 
From Figure 20.19, F,_, = 0.81 and using Equation (20.13), 
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The result is the same as in Part (b). 


Two important conclusions can be drawn from Example 20.4. 
First, by comparing the results for Parts (b) and (d), it can be 
seen that it does not matter what stream is chosen for the shell- 
side or tube-side fluid. Equation (20.13) and Figure 20.19 are 
essentially symmetrical in R and P, so that the choice of which 
fluid to put in the shell and which to put in the tubes does not 
affect the result and value of F,_5. Other factors do affect which 
fluid goes where, but these were covered in Section 20.2.1.5. 
Secondly, it was seen that, as the exit temperature of the process 
fluid decreased, F,_. started to decrease. Specifically, when the 
outlet temperature of the hot stream drops below the outlet 
temperature of the cold stream (T; < tə), the efficiency drops 
very rapidly, and for Part (c) no solution existed. These results 
can be explained by the fact that as the temperature between the 
hot exit and cold exit streams approaches zero, the efficiency of 
the 1-2, S-T design is reduced significantly. This effect is 
illustrated in Figure 20.20. For pure cocurrent flow, the highest 
temperature to which the cold stream can be heated is equal to 
the hot stream exit temperature. However, in a 1—2, S-T 
exchanger only half of the flow is cocurrent, so not surprisingly, 
the efficiency (F,_») of the heat exchanger starts to decrease 
rapidly when this condition is reached. Heat exchangers with 
multiple shell passes more closely mimic pure countercurrent 
flow, and these are covered next. 
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Figure 20.20 T-Q Profiles in 1-2, S-T Exchanger: (a) 
Satisfactory Temperature Approach, (b) Exit Temperatures of 
Both Fluids Are Equal (Fy~2 = 0.8) 
20.3.3 Multiple Shell-and-Tube-Pass Exchangers 


For a 1-2, S-T exchanger with the condition T, = t>, using the 
relationships between P and R as follows, 


T> =T; — R(t2 — tı) and tz = tı + P (Tı — tı) 
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The line representing Equation (20.15) can be approximated 
by the condition F,_, = 0.8 on Figure 20.19. The usual design 
criterion for exchanger design is to limit the LMTD correction 
factor to a value = 0.8. If the condition of F = 0.8 is taken as the 
reasonable practical limit of operation of a 1-2, S-T exchanger, 
the number of shells needed for any design can be calculated 
graphically using a McCabe-Thiele-type construction, illustrated 
in Figure 20.21. The analytical expression for the number of 
shells using this criterion if the specific heats of hot and cold 
streams are constant (lines on the T-Q diagram are straight) is 
given by 


Numberof(1-2)S8T fs | > SSS > 
exchangers ean Seen S1) 
a ' 


F a 
HH 


v v 
Three 1-2 S-T exchangers arranged 
to give a 3—6 S-T exchanger 


Figure 20.21 McCabe-Thiele—Type Construction for 
Estimating the Number of Shell Passes for an S-T Heat 
Exchanger and the Arrangement of Three 1—2, S-T Exchangers 
to Give a 3—6 S-T Configuration 
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Analytical expressions for the LMTD correction factor, F, for higher shell and tube passes exist, and many of these are given by 
Bowman et al. [5]. For a 2-4, S-T exchanger, Equation (20.17) applies (this expression can also be used for a 2—4N, S-T 
exchanger, where N= 1, 2, 3...): 
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For the case when R = 1, Equation (20.17) reduces to Equation (20.18): 
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For higher shell passes, the analytical expressions become more complicated. However, Bowman [6] has shown that for any 
given values of F and R, the value of P for an exchanger with N shell-side and 2N tube-side passes can be related to P for a 1-2, 
S-T exchanger through Equation (20.19): 
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Equation (20.19) was used to generate the LMTD correction factors for 3—6, 4-8, 5-10, and 6—12 S-T exchangers, and the 
results are presented in Appendix 20.A. LMTD correction factors for many types of heat exchanger can also be found at 
http://checale.com/solved/LMTD_Chart.html. It is observed that as the number of shell passes increases, the curve for the same 
value of R moves up, resulting in a higher F value. Example 20.5 illustrates the use of multiple shell heat exchangers. 
Example 20.5 

How many shell passes would be needed to cool a heavy oil stream from 230°C to 150°C using another process stream that is 
heated from 130°C to 190°C? 

What is the LM7D correction factor for this arrangement? 


Solution 

P= (t)— t))/(T, — t1) = (190 — 130)/(230 — 130) = 60/100 = 0.60 
R= (Ti — T2)/(t — ti) = (230 — 150)/(190 — 130) = 80/60 = 1.333 
Applying Equation (20.16), 
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Rounding up to Nshells = 3 means that a 3—6, S-T exchanger is required. 

From Figure A.3, F'3_¢ = 0.88; this value is >0.8, which satisfies the criterion for acceptable efficiency. From Figure A.2, F24 = 
0.67, which is below the acceptable limit of 0.8. It should be noted that 4-8, 5-10, and higher numbers of S-T passes would all 
be acceptable designs, but the complexity and cost of the exchanger increases with the addition of shell passes; therefore, the 
design with the fewest number of shell passes should be chosen. The effect of the number of shell and tube passes for this 
example is further illustrated in Figure E20.5 where the curves for different S-T configurations for R = 1.33 are plotted. 
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Figure E20.5 The Effect of the Number of Passes for an S-T Exchanger for R = 1.33; a 3—6, S-T Exchanger has the Least 
Number of Shell Passes with an F > 0.8. 


20.3.4 Cross-Flow Exchangers 
For some heat exchangers, the two fluids exchanging energy flow are at right angles to each other. This flow pattern is termed 


cross-flow, and there are several important examples of this type of flow pattern in commercial heat exchangers. One example is 
the plate-and-frame heat exchanger; another example is the air-cooled heat exchanger, where air flows perpendicular to a set of 
finned tubes in which a liquid or condensing vapor flow. The purpose of finned tubes is to provide extended heat transfer 
surface to fluids with a low heat transfer coefficient; this topic is covered in detail in Section 20.6. A typical arrangement of an 
air cooler (sometimes termed a fin-fan) is illustrated in Figure 20.22. Other examples of cross-flow occur in gas-gas exchangers 
for which the film heat transfer coefficients for both gases are low. In such situations, each gas may pass through a channel that 
contains regular geometric fins, as shown in Figure 20.23. Values for the LMTD correction factor for one case of cross-flow is 
given in Appendix 20.A, Figure A.7. Other practical examples of cross-flow exchangers are car radiators and heat sinks on 
circuit boards and electronic power handling devices. 
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Figure 20.22 Schematic of an Air Cooler: Air Is Pulled up and across Heat Transfer Tubes with External Fins by an Induction 
Fan and Hot Fluid Is Transported through the Tubes; the Insert Shows Detail of the Cross-Flow Pattern for the Air and Process 
Fluid 
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Figure 20.23 Examples of Gas-Gas Heat-Exchanger Configurations with Cross-Flow Channels 

20.3.5 LMTD Correction and Phase Change 

For cases when one or both fluids experience a phase change, with 7-O diagrams similar to those shown in Figure 20.4, the 
LMTD correction factor can be taken as unity; that is, no correction to the LMTD is needed. This should be apparent to the 
reader, since the fluid that is not changing phase is contacted everywhere with the phase change material that is at constant 
temperature (assuming constant pressure operation). Therefore, the flow pattern has no effect on the driving forces within the 


exchanger. 
20.4 OVERALL HEAT TRANSFER COEFFICIENTS—RESISTANCES IN SERIES 
Up to this point, there has been no discussion on the value or determination of the overall heat transfer coefficient, U. U is the 


combination of several heat transfer resistances that act in series, and these resistances are illustrated in Figure 20.24 for both 
planar and circular geometries. In Figure 20.24(a), a wall is shown separating two fluids at different temperatures. For 
generality, it is assumed that the solid wall is composed of multiple layers. These layers might comprise a composite wall or a 
single wall with scale deposits on both sides. Either way, each layer acts as a separate resistance to heat transfer. In the case of a 
deposit of scale, the term fouling resistance is used. The heat transfer resistance between each fluid and the surface is given in 


terms of a film heat transfer coefficient (h;, ho), while the resistances of the solid layers are given in terms of their thermal 


conductivity (A) and thickness (Ax). In Figure 20.24(b), a similar situation is shown for cylindrical or tubular geometry. 
Outside fluid film, h, Inside fluid film, h; 


Cold-side scale layer, Ax. 
Hot-side scale layer, Ax, 


Wall, Ax,, 


Teold 


Hot fluid film, hy¢ cold fluid film, hoş 


(a) 
Figure 20.24 Temperature Profiles for Two Fluids Exchanging Heat through a Composite or Multilayered Wall: (a) Planar 


Geometry, (b) Radial or Tubular Geometry 

For steady-state operations, the amount of heat transferred through each layer or resistance must the same. By writing the basic 
heat flux equation across each resistance and eliminating the intermediate temperatures, an overall expression of the heat 
transferred in terms of the bulk temperature driving force (which is used in the exchanger design equation) is obtained. This 
process is given for the planar geometry as follows: 


È = hag (Tha — Tr) = È (D — Tr) = ÈD — Ts) = GE (Ts — Ta) = heg (Ta — Toota) 


A 
A Az, Az, 
* The — Tr = Geos Ti — Te = SD - Ty = SE Ty -T = SET — Toot = FE 
Adding all the left-hand sides together gives 
_ Q QAT, QATu QAz, Q QJ 1 Az, Azty Az, 1 
Thot — Teoia = ig? a A e ge Ea Ve Te ee +] 
1 At, , Aty , Ar. iJ 
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where 
1 1 Ax Az Ax 1 Az Ax Ax 1 17 
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(20.20) 


For circular (tubular) geometry with a single wall and scale formation on the inner and outer surfaces, a similar analysis gives 


Ao ku A; 
= Agha (TM —T1) = —-(%, -T. =T)= T, — Ts) = Ayhi(T, — T; 
Q 0 o( 0 1) Ryo 1 ae, | 2 3) Ry! 2 3) ( 4 ) 
(20.21) 


where the subscripts o and i refer to the outside and inside of the tube, respectively, and the resistances due to fouling are given 
in terms of an effective fouling heat transfer resistance, Rø = 1/hofand Ry = 1/hip respectively. The form of Equation (20.21) 
differs from that derived for planar geometry, because for circular geometry, the cross-sectional area through which the heat 


flows changes from the outside to the inside of the tube. By eliminating the intermediate temperatures and rearranging, the 
following working equations for circular geometry can be derived: 


Q = Uo Ao AT Buz = Ui Ai ATBuix (20.22) 
where 
i D,In(D,/D:) D, D, 11` 
as < e 20.2 
Uo E + Rfo + 2k, + D; Rfi + D; h, (20.23) 
and 
D; 1 D; D;ln (Do /D;) ii 
i= pa o t — 5; a iT 20.24 
U, Set Ret va + Rit Z| (20.24) 


where D; and D, are the inside and outside diameters of the tube (or pipe), respectively. 

From Equations (20.23) and (20.24), it is clear that for circular geometry, the overall heat transfer coefficient must be defined 
with respect to a specific surface but that the product UA is the same no matter what surface is chosen; that is, U;A; = U Ao. It 
should also be noted that Equation (20.22) was derived for a specific location where AT, is known. If the temperature 


difference between fluids varies with location, as it would in most heat exchangers, then an appropriate average temperature 
difference should be used. The analysis given in Section 20.1 and all the limitations discussed in Section 20.1 still apply. Thus 
the general working equation for heat transfer between fluids exchanging heat through tube walls becomes 


Q = U, Ao AT in, Fy = U; Ai ATim Fy (20.25) 


In summary, for heat transfer between fluid streams separated by a wall, the overall heat transfer resistance is a function of the 
two film heat transfer coefficients, two fouling resistances, and a resistance due to the wall. In the next section, typical 


correlations and values required to determine all these resistances are presented. 
20.5 ESTIMATION OF INDIVIDUAL HEAT TRANSFER COEFFICIENTS AND FOULING RESISTANCES 
In Section 20.4, the terms needed to evaluate the overall heat transfer coefficient (U, or U;) were identified. In this section, 


correlations and other data for calculating each of these heat transfer resistances are presented. 

20.5.1 Heat Transfer Resistances Due to Fouling 

In designing heat exchangers, it is important to make allowance for the deposition of scale, that is, the process of fouling, on 
heat-exchanger surfaces and the subsequent reduction in overall heat transfer due to the fouling process. The a priori 
determination of fouling through some mechanistic model is not possible because of the highly complex nature of the fouling 
process. Moreover, fluctuations in process temperatures and other conditions (pH, total dissolved solids, etc.) due to abnormal 
plant operations may significantly increase the fouling process and are impossible to predict with any accuracy. With this in 
mind, the designer must resort to the use of typical fouling resistances for similar services (fluids) obtained through experience. 
Fouling resistances for water and chemical process streams as suggested by TEMA [1] are shown in Tables 20.1 and 20.2. 
Table 20.1 Typical Fouling Factors for Water Streams in Heat Exchangers 


Water Service Water Temperature <52°C Water Temperature >52°C 
Water Velocity <1 m/s >1 m/s <1 m/s >1 m/s 

Rm? K/W) h{(W/m?/K) Rm? K/W) h(W/m?/K) Rø(mK/W) hW/m2/K) R(m?K/W) h(W/m?/K) 
Sea Water 88.1x10° 11,350 88.1x10° 11,350 1.76x104 5675 1.76x104 5675 
Boiler Feed Water 5675 88.1x10° 11,350 1.76x104 5675 1.76x104 5675 
Cooling Water  1.76x10% 5675 1.76x104 5675 3.52x10 4 2840 3.52x10 4 2840 
Hard Water 5.28x10* 1895 528x104 1895 881x107 1135 8.81x10* 1135 


Source: Reproduced by permission from Tubular Exchanger Manufacturers Association (TEMA), Standards of the Tubular 
Exchanger Manufacturers Association, 9th ed., Tubular Exchanger Manufacturers Association, Tarrytown, NY, 2013. 
Table 20.2 Typical Fouling Factors for Chemical Process Streams in Heat Exchangers 


Chemical/Process Stream R«m’K/W) h&W/m7/K) 
Inorganic 

Gases (oil-bearing or dirty) 3.52 x104 2840 
Liquids (heating or vaporization) 3.52 x 104 2840 
Refrigerant brines 1.76 x 1074 5675 


Molten heat transfer salts 88.1 x 10°° 11,350 


Organic 


Process gas 1.76 x 104 5675 
Utility gas (oil bearing, refrigerant, etc.) 3.52 x 104 2840 
Condensing vapors 1.76 x 104 5675 
Process liquid 1.76 x 104 5675 
Vaporizing liquid 3.52 x 104 2840 
Refrigerant liquid 1.76 x 104 5675 
Heat transfer media 3.52 x 104 2840 
Polymer forming liquid 8.81 x 10+ 1135 
Oils (vegetable and heavy gas oil) 5.28 x 1074 1895 
Asphalt and residuum 8.81 x 10+ 1135 


Source: Reproduced by permission from Tubular Exchanger Manufacturers Association (TEMA), Standards of the Tubular 


Exchanger Manufacturers Association, 9th ed., Tubular Exchanger Manufacturers Association, Tarrytown, NY, 2013. 
20.5.2 Thermal Conductivities of Common Metals and Tube Properties 
Thermal conductivities for metals usually used as heat-exchanger tubes or in extended surface (compact) heat exchangers are 


given in Table 20.3. For low-temperature service such as cryogenic air separation, aluminum and stainless steel are the preferred 
materials of construction. It should be noted that the thermal conductivities of most metals do not vary widely over quite large 
temperature changes, and usually the resistance to conduction through the wall is not the limiting resistance, so minor changes 
in thermal conductivity rarely have a significant effect on heat-exchanger design or performance. From Table 20.3, it is clear 
that copper is the material with the highest thermal conductivity (lowest heat transfer resistance) and is favored as long as it is 
compatible with the fluids it contacts. Similarly, aluminum is also a good conductor but may suffer from low strength, although 
it is often used in cryogenic operations along with stainless steel. 
Table 20.3 Thermal Conductivity of Metals Typically Used in Heat-Exchanger Construction 

Thermal conductivity, k, W/m/K or W/m/°C 

T=—150°C T=0°C T= 100°C T= 200°C T= 400°C 


Metal 

Admiralty (71% Cu, 28% Zn, and 1% Sn)! 111 

Alloys 

Carbon-moly (0.5% Mo)! 43 

Chrome-moly steel (1% Cr and 0.5% Mo)! 42 

Chrome-moly steel (214% Cr and 0.5% Mo)! 38 

Chrome-moly steel (5% Cr and 0.5% Mo)! 35 

Chrome-moly steel (12% Cr and 1% Mo)! 28 

Aluminum? 100 202 206 215 249 

Brass (70% Cu and 30% Zn)! 99 

Carbon steel* 45 45.8 43.5 39.0 

Copper! ° 386 377 

Inconel® 625 (21.5% Cr, 9% Mo, 5% Fe, and Ni balance)? 7.3 9.9 10.7 12.6 15.6 (20.0@700°C) 
Hasteloy® N (71% Ni, 16% Mo, 5% Fe, and 1% Si)? 11.5 13.1 16.5 (23.6@700°C) 
Nickel! 62 

Stainless steel (304)* 16 16.4 17.7 20.3 

Stainless steel (316)! 16 

Titanium! 19 


‘Engineering Toolbox, Thermal Conductivities of Heat Exchanger Materials, https://www.engineeringtoolbox.com/heat- 
exchanger-material-thermal-conductivities-d_1488.html. 

2Azo Materials, http://www.azom.com/article.aspx? ArticleID=4461. 

Haynes International Data Sheet, http://haynesintl.com/docs/default-source/pdfs/new-alloy-brochures/corrosion-resistant- 


alloys/brochures/n-brochure.pdf?sfvrsn=10. 
4“Thermal Conductivity of Some Irons and Steels over the Temperature Range 100 to 500°C,” S. M. Shelton, U.S. Department 


of Commerce Bureau of Standards, Research Paper RP669, part of Bureau of Standards Journal of Research, vol. 12, April 1934 
[26]. 

>Perry’s Chemical Engineers Handbook, 8th ed., D. W. Green and R. H. Perry, New York, McGraw-Hill, 2008 [25]. 

oT; ransport Processes and Separation Process Principles, 4th ed, C. Geankoplis, Upper Saddle River, NJ, Prentice Hall, 2003. 
For S-T heat exchanges, the sizes of standard tubes are given in Table 20.4. The third column heading is BWG, which stands for 


Birmingham Wire Gauge, which is a standard method, albeit a very old standard, of specifying tube wall thickness. Unlike 


schedule pipe sizes discussed in Chapter 19, where the nominal pipe size does not correspond to any actual dimension of the 


pipe, the stated diameter of BWG tubing is the outside diameter. Standard tube sizes are virtually always used in heat-exchanger 


design, because the cost of customized tubes and the associated fittings and tooling would be prohibitively expensive. Standard 


lengths for tubes used in heat-exchanger design are from 8 ft to 20 ft (20.438—6.096 m) in 2 ft increments. The number of tubes 


that can fit in standard shell diameters is given in the tube-count tables shown later in Section 20.7. 
Table 20.4 Heat-Exchanger Tube Data 
Outside Diameter 


in 
Ys (0.625) 


3⁄4 (0.750) 


% (0.875) 


1% (1.25) 


1% (1.50) 


mm 

15.875 
15.875 
15.875 
15.875 
19.050 
19.050 
19.050 
19.050 
22.225 
22.225 
22.225 
22.225 
25.400 
25.400 
25.400 
25.400 
31.750 
31.750 
31.750 
31.750 
38.100 
38.100 
38.100 
50.800 
50.800 


Wall Thickness 

BWG in 

12 0.109 
14 0.083 
16 0.065 
18 0.049 
12 0.109 
14 0.083 
16 0.065 
18 0.049 
12 0.109 
14 0.083 
16 0.065 
18 0.049 
10 0.134 
12 0.109 
14 0.083 
16 0.065 
10 0.134 
12 0.109 
14 0.083 
16 0.065 
10 0.134 
12 0.109 
14 0.083 
10 0.134 
12 0.109 


mm 

2.769 
2.108 
1.651 
1.245 
2.769 
2.108 
1.651 
1.245 
2.769 
2.108 
1.651 
1.245 
3.404 
2.769 
2.108 
1.651 
3.404 
2.769 
2.108 
1.651 
3.404 
2.769 
2.108 
3.404 
2.769 


Inside Diameter 
in 
0.407 
0.459 
0.495 
0.527 
0.532 
0.584 
0.620 
0.652 
0.657 
0.709 
0.745 
0.777 
0.732 
0.782 
0.834 
0.870 
0.982 
1.032 
1.084 
1.120 
1.232 
1.282 
1.334 
1.732 
1.782 


mm 

10.338 
11.659 
12.573 
13.386 
13.513 
14.834 
15.748 
16.561 
16.688 
18.009 
18.923 
19.736 
18.593 
19.863 
21.184 
22.098 
24.943 
26.213 
27.534 
28.448 
31.293 
32.563 
33.884 
43.993 
45.263 


Source: Adapted from Geankoplis, C. J., Transport Processes and Separation Process Principles, 4th ed., Prentice Hall, Upper 
Saddle River, NJ, 2012 [7]. 
20.5.3 Correlations for Film Heat Transfer Coefficients 
The following sections cover the estimation of the convective film heat transfer coefficients. The cases for convective flow 


without phase change for inside and outside tubes (internal and external flows) are covered first. The coefficients for a change of 


phase are then introduced. 
20.5.3.1 Flow Inside Tubes 
In heat-exchanger design, the most common geometry for the equipment uses circular tubes, and the bulk of correlations and 


experimental work has been done for this geometry. The type of flow, turbulent, laminar, or transition, has a strong influence on 


the form of the correlation used to determine the film heat transfer coefficient. Each flow regime is considered separately in the 


following sections. 


Turbulent Flow 


For a fluid flowing inside a tube or pipe, the heat transfer coefficient is a function of fluid properties, fluid velocity, and the 


diameter of the tube. Many correlations exist for estimating the heat transfer coefficients for flow in tubes, and one of the most 


common is the Seider and Tate [8] equation: 
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0.14 
) Re > 6000 


(20.26) 


where Nu is the Nusselt number, Re is the Reynolds number, and Pr is the Prandtl number. The Prandtl number is the ratio of 
the rate of viscous diffusion to the rate of thermal diffusion. The Seider-Tate correlation, Equation (20.26), is valid for all fluids 
(except molten metals) for Re > 6000. All the fluid properties (r, m, cp, k) should be evaluated at the average bulk temperature 


with the exception of m,,, which is evaluated at the average wall temperature. The first term in parentheses on the right-hand 
side takes account of the entrance effects for short tubes. For the case when L/D > 72, the error in neglecting this term is <5%. 
The last term in parentheses on the right-hand side takes account of the viscosity change near the tube wall that affects the 
thickness of the thermal boundary layer. Usually this term is close to unity, partly due to the small exponent. However, the term 
may become important for highly viscous fluids, where large changes in viscosity may take place because of the temperature 
variation between the bulk fluid and the wall. The heat transfer coefficient determined from Equation (20.26) changes along the 
length of the heat exchanger as the viscosity at the wall changes with temperature and position; therefore, use of the Seider-Tate 
equation with the viscosity correction requires an iterative procedure. 

Another common correlation is the Dittus and Boelter [9] equation that is given by 


Nu = h,D; 


= 0.023Re°* Pr” (20.27) 


where the value of the exponent n is 0.3 when the fluid is being cooled and 0.4 when the fluid is being heated. This equation 


does not require an iterative solution but is generally less accurate than Equation (20.26), especially for fluids undergoing large 
temperature changes. 
For an annulus, the following equation can be used: 


ha Da Pave" = y (2s B 
Nu = —— == 0.023 ( — 20.28 
H k Doi ( ) 


where D;-, is the inside diameter of the outer pipe and D,-; is the outside diameter of the inside pipe, and Dy is hydraulic 
diameter of the annular opening = (D;-, — D,-;), where Dyis defined in Equation (20.29). 

For noncircular ducts (square, rectangle, triangular, and ellipsoidal), Equations (20.26) and (20.27) can still be used except that 
the hydraulic diameter, Dy, should be substituted for D; in the equation (and in the definition of Re), where 


flow area 
Dy = .4————_ 20.29 
= wetted perimeter ( ) 


The use of Equations (20.26) and (20.27) is illustrated in Example 20.6. 
Example 20.6 
Use Equation (20.26) to determine the inside heat transfer coefficient for a fluid flowing inside a 12 ft (3.6576 m) long, %⁄4-in 
tube (16 BWG) at a velocity of 2 ft/s (0.6096 m/s) that is being cooled and has an average temperature of 212°F (100°C) and an 
average wall temperature of 104°F (40°C). 
Consider the following three fluids: 
Liquid water 
n-cetane 
Air at 2 atm pressure—use a velocity of 20 ft/s (6.609 m/s) 
Compare the results using Equation (20.27). 
Solution 
From Table 20.4, Di = 0.620 in (15.748 mm). 
For water at 100°C, 
p= 961 kg/m?,y = 0.000282 kg/m/s,cy = 4216 J/kg/K,k = 0.6804 W/m/K 
At 40°C, 
m = 0.000654 kg/m/s 
Applying Equation (20.26), 
(15.748 x 10-*) (0.6096) (961) 


_ Dyup _ _ 
pe ee (2.82x10~*) Sayre 


Cp (4216) (2.82 10~*) 


and 


cp (4216) (2.82x10*) 
z = oso — 7 17474 
hiDi 


7 = 9.023 h+ (2)"] (2u ai 


_3 \ 0.7 _4 70.14 
Nu= > = 0.023 [i+ (8t) | (2, nsan Feed 


Pr = 


Nu = 


= 0.023(1.0221)(4090.7) (1.2045) (0.8889) = 102.95 


h; = Nu E = (102.87) oe | = 4448 W/m2/K 
For n-cetane at 100°C, 
p = 717.6 kg/m, u = 0.0009207 kg/m/s, Cp = 2392 J/kg/K, k= 0.1206 W/m/K 
At 40°C, 
m = 0.002266 kg/m/s 
Applying Equation (20.26), 
h; = 534 W/m7/K (Re = 7482, Pr = 17.81) 
For air at 2 atm pressure at 100°C, 
p = 1.8907Kg/m?,y = 2.18310—5 kg/m/s, Cp 1008 J/kg/K,k = 0.0313 W/m/K, 
At 40°C, 
m= 1.916 x 107! kg/m/s 
Applying Equation (20.26), 
h; = 57.9 W/m?/K (Re = 8315, Pr = 0.703) 
Using the Dittus-Boelter equation, Equation (20.27) gives 
Water Re = 32,715, Pr = 1.7474Nu = 0.023Re®®Pr?3 = 111.2 > h; = 4804 W/m?/K 
n-cetaneRe = 7842, Pr=17.81 Nu =71.20 > h;=559 W/m?/K 
Air Re = 8315, Pr = 0.703 Nu=28.30 > hh; =56.2 
Summarizing the results: 
h({W/m2/K)h(W/m2/K) 
Eq. (20.26) Eq. (20.27) 
Water 4448 4804 7.4 
n-cetane534 559 4.7 
Air 57.9 56.2 -2.9 
From the results of Example 20.6, three important points emerge. First, heat transfer coefficients for liquid water are generally 


Fluid % Difference 


significantly higher than for other liquids. Second, heat transfer coefficients for gases are normally much lower (~5—10 times) 
than for liquids. Third, while the Seider-Tate and Dittus-Boelter equations give different heat transfer coefficients, the 


differences are not that large and may be within typical design tolerances. 
Transition Flow 
For the transition between laminar and fully developed turbulent flow, the equation of Hausen [10] satisfies both the upper and 


lower limits of Reynolds numbers and is recommended. 


D;\23 0.14 
Nu = 0.116 [Re . 125| Prl/3 i a Ga | (+) 2100 < Re < 6400 (2 
Hw 


Laminar Flow 
When the flow of fluid inside the tube is laminar (Re < 2100), then theoretical analyses for certain cases are possible and may be 


used to determine the heat transfer coefficient. Two limiting cases, constant heat flux at the wall and constant wall temperature, 
are normally considered. Neither case applies directly to normal operating conditions in process heat exchangers. However, the 
case for constant wall temperature is often used as a starting point for the development of suitable correlations. The appropriate 


D; ; ; 
equation to use is determined by the magnitude of the Graetz number, Gz, where Gz = Re Pr T The correlations attributed 
to Hausen [10], 


0.14 
Nu = |3.66 + 5a (+) Gz < 100 (20.31) 
1 + 0.47Gz?® | \ Hw 


and Seider and Tate [8], 


0.14 
Nu = 1.86Gz'/ (=) Gz > 100 (20.32) 
Hw 


are recommended. 

It should be noted that Gz is a function of 1/L, so the heat transfer coefficient is strongly affected by the tube length. As the tube 
length becomes very long and Gz tends to zero, the Nusselt number tends to a limiting value of Nu,,. When viscosity corrections 
are negligible, it can be seen that Nu» = 3.66 assuming constant wall temperature. 

Example 20.7 demonstrates the use of the equations for laminar flow. 

Example 20.7 

Consider the same conditions and fluids in Example 20.6, except use a liquid velocity of 0.1 ft/s (0.03048 m/s) and a gas 
velocity of 2 ft/s (0.6096 m/s). 


Solution 
For water, 
-3 
Re— Diup _ (15.748 x 10 eS Noose) = 1636, Pr = 1.7474, 
(2.82x10-*) 
D; _ (15.748x10*) -3 
and 
Gr = RePr 2i = (1636) (1.7474) (4.306 x 107°) = 12.31 


Applying Equation (20.31), 


Nu = [3.66 + 250e 


eu = aaee Ee = 3.997 
1+0.047Gz? | \ Hw 


1+0.047(12.31)? | |6.54x10~“ 


| 
hi = Nu [+] = (3.997) e] = 172.7 W/m? /K 


For n-cetane, 


Re = 374.1, Pr = 17.8181, D; /L = 4.306 x 10-3, Gz = (374.1) (17.8181) (4.306 x 1073) = 28.70, Nu = 
hi = 37.04 W/m? /K 


For air, 


Re = 415.7, Pr = 0.7030, D;/L = 4.306 x 107°, 
Gz = (415.7) (0.7030) (4.306 x 107) = 1.258, Nu = 3.831, h; = 7.61 W/m?/K 


Summarizing the results: 

Fluid A; (W/m?/K) 

Water 172.7 

n-cetane37.04 

Air 7.61 

Clearly, the heat transfer coefficients for laminar flow are much lower than for turbulent flow. In general, laminar flow should 
be avoided except for highly viscous liquids where pumping costs needed to give turbulent flow conditions may become 
prohibitively large. 

For laminar flow in annuli, the heat transfer correlation of Chen, Hawkins, and Solberg [11] is recommended: 


anD D 0.4 Diz 0.8 0.14 
Nuan = EPE = 1,02Re™°P p95 G05 ( PH : Æ \ 200 < Re < 2000 
k L Doi Hw 


(20.33) 


where Re and Gz are based on the hydraulic diameter, Dy, mw is the viscosity at the inner wall of the annulus (at Do-;), and Dj-, 


and D,-; are the inside diameter of the outside tube and the outside diameter of the inside tube, respectively. 
For flow in rectangular channels, the limiting value of Nu for a constant wall temperature and very long channels (Nus) is a 
function of the ratio of the shorter to longer dimensions of the channel (0 < a/b < 1). The equivalent limiting value for tubes is 
3.66, which is the first term on the right-hand side of Equation (20.31). The relationship between Nu., and (a/b) for rectangular 
channels attributed to Clark and Kays [12] is shown in Figure 20.25 and Equation (20.34). 
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Figure 20.25 Relationship between Nu,, and the Ratio of the Channel Side Lengths for Rectangular Channels (Clark, S. H., and 
W. M. Kays, “Laminar Flow Forced Convection in Rectangular Ducts,” Trans. ASME 75 [1953]: 859-866) 


a 


a $ 28.80(=) _ 24.04(=) ve 8.26(=) i (20.34) 


Nin =T. -17.71 ( 
we S77 = 17.7 z 


It is suggested that Equation (20.31) be modified to use with rectangular channels as 


0.14 
Ni E E (20.35) 
1 + 0.047Gz? ] \ Mw 


where Nus is taken from Equation (20.34) and the hydraulic diameter is used in determining Re in Gz. 
20.5.3.2 Flow Outside of Tubes (Shell-Side Flow) 
The estimation of the heat transfer coefficient for the flow of a fluid over a bundle of tubes is very complicated. Referring back 


to Figure 20.18, in an S-T exchanger, the flow on the shell side is parallel with the tube axis for some portion of the flow path 
and perpendicular to the tube axis for the remainder of the time. Moreover, the flow path of the shell-side fluid is quite tortuous, 
since it flows around and between the tubes, and the arrangement of the tubes (square or triangular pitch) significantly affects 
the mixing and turbulence of the fluid. Needless to say, analytical expressions for heat transfer coefficients do not exist, and the 
number of correlations for overall shell-side heat transfer coefficient are numerous. In this section, some of the different 
phenomena occurring on the shell side of the heat exchanger are discussed, and a simplified method for calculating shell-side 


coefficients is presented. 
Flow Normal to the Outside of a Single Cylinder 
The flow of fluid normal to a single tube or cylinder is a complex but well-studied process. A review of data over a wide range 


of fluid properties (Pr) and flow conditions (Re) has been performed by Zukauskas [13] and Churchill and Bernstein [14]. The 
equation recommended by Zukauskas is 


hDo 0.365 | Proulk a 


Douvuik P 
where subscripts w, f, and bulk refer to the wall, film, and bulk fluid conditions, respectively. Re = = is evaluated 
using the fluid approach velocity upstream of the tube, and the film properties are evaluated at the average film temperature, Tp 
= (Toy + Ty)/2. Finally, the different Prandtl numbers in Equation (20.36) are evaluated at the average film temperature, wall 
temperature, or bulk fluid temperature depending on the subscript. 
Equation (20.36) is valid for values of Pr in the range 0.7 to 500. The values of C and m depend on the Reynolds number and are 


given in Table 20.5. 

Table 20.5 Values for Parameters in Equation (20.36) 
Range ofRe C m 

< 2000 0.6770.453 


2000 — 1 x 10°0.2600.600 
Flow Normal to Banks of Tubes 
The heat transfer coefficient for a fluid flowing normal to a bank of tubes is very complicated, and the average coefficient for a 


given tube will vary depending on the location of the tube in the bank. A good review of data on tube banks is again given by 
Zukauskas [13]. In this chapter, a simpler method for estimating an average shell-side heat transfer coefficient attributed to Kern 


[15] is presented. 
Kern’s Method for Shell-Side Heat Transfer 
A popular method for making a preliminary estimate of the shell-side heat transfer coefficient and shell-side pressure drop is 


that attributed to Kern [15]. The correlations used in Kern’s method depend on an equivalent hydraulic diameter for the shell 
side, Dzz5*. Figure 20.26 shows the basic tube arrangements, and equations for the hydraulic diameter are 
Repeating unit in shell Repeating unit in shell 


Wetted Flow area 


perimeter 


Do 


Wetted 
perimeter 


p 
(a) (b) 
Figure 20.26 Notation for Determining the Hydraulic Diameter of Shell-Side Flow: (a) Square Pitch, (b) Triangular Pitch 


Square pitch: 


= 4(flowarea) 4 (p? — 3D?) _ 1273p? — Dj (20.37) 
a (wetted perimeter) — nDo 7 Do ' 
Triangular pitch: 
4 (flow area) 4 (0.866p5 — +7 D2)  1.103p? — D? 
Dis = ——____~ = —_—. a (20.38) 
i (wetted perimeter) Te Do 


The term (p — D,) is sometimes referred to as the clearance, C. The shell-side fluid changes velocity as it passes through the 
baffle window and travels across the bank of tubes. This situation is illustrated in Figure 20.27, where the inside diameter of the 
shell is D,, and the baffle spacing is Lp. 


Area for flow = A, = D,L, (p — D,)/p 
Figure 20.27 Sketch Illustrating the Flow Area, A,, Used in Kern’s Method 
Assuming that the mass flowrate of fluid on the shell side is m, , then using the notation in Figures 20.26 and 20.27, the 


following parameters are defined: Shellside superficial mass velocity: 
G, = — (20.39) 
Shellside velocity: 
Us = Me = — (20.40) 


where A, is the maximum flow area on the shell side given as 


—D 
Lcnn (20.41) 
Shellside Reynolds number: 
G,D uspD 
Re, = a (20.42) 
H H 
The average heat transfer coefficient for the shell side of the exchanger is given by 
h.D 0.14 
Nu=——* = jp Re Pr! (+) (20.43) 
k f Hw 
where 
jn = 1.680(BC)~°? Re, ~° for Re, < 100 
and 


jn = 1.249(BC) °°Re,~°4” for 100 < Re, < 1 x 10° 


where BC is the baffle cut as a percentage of the shell diameter, with typical values from 20% to 35%. 
The frictional pressure drop through the shell side of the exchanger is then given by 


4jsG3Ds (Ng +1) ( H B 


— AP; = Ka 
i 2pD4,s Hw 


(20.44) 


where 


j= 456.6(BC) °° Rez? for Re, < 300 


and 


jf = 5.460(BC) °**Re;°!® for Re, > 300 


It should be noted that the original method attributed to Kern [15] uses a series of charts to determine the values of j} and jy as 
functions of Re and BC. However, the equations given for j} and jy were found by regressing data from these charts and are 
accurate enough for preliminary designs. 
Example 20.8 illustrates the use of Kern’s method for estimating the heat transfer coefficient for a bank of tubes. This method 
will also be used to design a heat exchanger in Section 20.7. 
Example 20.8 
Water flows across the outside of a bank of tubes. It enters at 30°C and leaves at 40°C. The water enters at a flowrate of 34.27 
kg/s, the shell diameter is 20 in, the baffle spacing is half (2) the shell diameter, the baffle cut (BC) is 15%, and ?⁄4-in outside 
diameter (OD) tubes on a 1-in pitch are used. The fluid inside the tubes may be assumed to be at a constant temperature of 90°C 
(condensing organic), the inside coefficient is expected to be much higher than the shell-side coefficient, and thus the wall 
temperature may be taken as 90°C. 
Use Kern’s method to determine the average heat transfer coefficient for the shell side for the following arrangements: 
Square pitch 
Equilateral triangular pitch 
Solution 
Tubes on a square pitch 
From Equations (20.37), (20.41), (20.42), and (20.43), 
2 2 2 
Dy, = Ee = RO REY = 0.9478 in =0.02406 m 
D, = (20) (0.0254) = 0.508 m 


Ly = 1/,D, = 0.254 m 


A, = D, L, 2 = (0.508) (0.254) HE? = 0.03223 m? 
G, = = GER = 1062.4 kg/m” /s 
_ G,Dys __ (1062.4)(0.02406) __ 
Re, = u 742.x10-8 Ae 
jn = 1.249(BC) °°? Re°-4 for 100<Re<1 x 10° 
BC = 15% 
jn = 1.249(15) ® (34, 448) 4” = 0.003777 
Des 0.14 -6 \ 0.14 
Nu= “7H = j, Re Pr"? (+) = (0.003777) (34,448) (5.00) (ar) = 250.4 
h, = 250.4 LER = 6801 W/m? /K 


Tubes on a triangular pitch 

From Equations (20.38), (20.41), (20.42), and (20.43), 

Table E20.8 Properties of Water at Different Temperatures 
Temperature Tave = 35°C T= 62.5°CT„ = 90°C 

Cp(J/kg/K) 4178 4185 4206 

p(kg/m?) 996 984 968 

u(kg/m/s) 742 x 10% 457 x 10% 319 x 10% 

k(W/m/K) 0.6205 0.6535 0.6746 

Pr=cyw/k 5.00 2.92 1.99 


Dy, = HOP — 11080) -05 _ 0,7207 inch = 0.01830 m 


, D, (0.75) 
Re, = G,Dus _ (1062-4) (0.0188) — 26, 209 
m 742x10 
jn = 1.249(BC) Refor 100 <Re <1 x 10° 
Assume al5%baffle cut : 


jn = 1.249(15) °°? (26, 209) °*” = 0.004295 


2 1/3 (1 \o4 1/3 ( 742x10 \°14 
Nu= P= = j, Re Pr"/ (£) = (0.004295) (26,208) (5.00) (Zar) = 216.6 


_ (0.6535) __ 2 
hs = 216.67 = 7736 W/m? /K 


It can be seen that a higher heat transfer coefficient is obtained using triangular pitch. However, this will usually come at the 


expense of a higher shell-side pressure drop. 
20.5.3.3 Boiling Heat Transfer 
When one or both fluids undergo a change in phase, the heat transfer process is much more complex and, in general, will be less 


influenced by the rate of flow of material past the heat transfer surface than by the temperature driving force between the surface 
and the bulk fluid temperature. There is a large body of work in the area of boiling heat transfer that is far too extensive to 
review here. The approach adopted in this text is to provide a brief overview of boiling phenomena and to present some useful 


working equations that are applicable to the design of process heat exchangers. 
Typical Pool Boiling Curve 
A typical boiling curve for water at 1 atm pressure is shown in Figure 20.28 and represents the situation when a heated surface 


is placed in a pool of water. In the figure, the x-axis represents the temperature difference between the heating surface (T) and 
the saturation temperature (Tsat), and the y-axis is the heat flux (Q/A). The behavior of water at other pressures and other liquids 
below the critical pressure mimics the general trends shown in Figure 20.28. 
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Figure 20.28 Boiling Curve for Water at 1 atm Pressure 

When the temperature difference between the surface and saturation temperatures of the water (Tsat = 100°C for water at 1 atm) 
is less than 5°C, all vapor is produced by evaporation at the liquid surface, and the process is termed free convection boiling. In 
this region, the heat transfer coefficient is proportional to (AT,)”“. As AT, increases beyond about 5°C, bubbles of vapor appear 
on the heating surface, detach, and move to the surface of the liquid. At first, bubbles appear at certain preferred nucleation sites 
on the surface, but as the AT, increases, the number of nucleation sites increases, and more bubbles are produced. The bubble 
motion near the surface tends to increase turbulence and promotes higher heat transfer. This process is known as nucleate 
boiling. In this boiling regime (Region a-c), the heat transfer coefficient is a strong function of AT, and A œ (AT,)” where n is 
between 2 and 3. As AT, increases further, more and more bubbles are formed at the surface, and they start to interfere with the 
movement of liquid toward the surface. This phenomenon tends to reduce the heat transfer coefficient because the gas has a 
much lower heat capacity and thermal conductivity than the liquid. As a result, an inflection point (Point b) is seen in the boiling 
curve (at 10°C). With further increase in AT,, the increase in the rate of bubble formation eventually causes the heat flux to 
reach a maximum (at about 30°C). At Point c on Figure 20.28, the path by which the process proceeds to the right depends on 
how the experiment is conducted. 

First, consider the case when the temperature of the heat transfer surface can be increased independently of the heat flux. 
Increasing AT, beyond Point c is accompanied by a reduction in heat transfer coefficient (and heat flux) due to the intermittent 
formation of a vapor film at the heat transfer surface, which occurs because the rate of bubble formation is faster than the rate of 
bubble detachment from the surface. This region is termed the partial film boiling regime (Region c—d), and the heat transfer 
surface may at any time be completely covered by either gas or a liquid-bubble mixture. In this regime, the surface oscillates 
between a nucleate boiling and a film boiling condition. This behavior leads to a reduction in heat flux and a corresponding 
reduction in heat transfer coefficient. This behavior persists until AT, is large enough to maintain a stable gas film at the surface, 
and then the film boiling regime is reached (Region d—e). The transition to the film boiling regime occurs at the point of 
minimum heat flux, Point d, which is referred to as the Leidenfrost point. As AT, increases beyond the Leidenfrost point, the 
heat transfer coefficient and heat flux increase because of a combined effect of increasing gas thermal conductivity with 
increasing temperature and radiation heat transfer that is present at the high temperatures required for film boiling. 

Consider now the case when the experiment is conducted with the heat flux as the controlled or independent variable and AT; is 
the dependent variable, which would be the case if, for example, an electric heater or a direct flame was used to heat the surface 
in contact with the liquid. Using this experimental procedure, the boiling curve would be identical to that described previously 
from Points a to c, but at Point c, the only way that the heat flux can be increased is for AT, to jump to Point e. This would be 
accompanied by a very large increase in T,, which may lead to permanent damage to the heated surface or in extreme cases 
could melt the surface. 

It is important to recognize that this temperature jump at the critical heat flux may occur in actual processes in which the energy 
for boiling is supplied by an electric heater or by a burning fuel, as would be the case in a gas-or oil-fired heater or boiler. This 
phenomenon generally cannot happen if heat is supplied by a hot process stream, because the temperature of the process stream 
is bounded by process conditions and the heat flux is, therefore, also bounded. As a result, process heat exchangers used for 
raising steam such as waste heat boilers or used for reboiling a distillation column do not exhibit this unstable behavior. 
Nevertheless, operation to the right of the critical heat flux is generally avoided in process heat exchangers to avoid the effect 
that as AT increases the heat flux decreases. Such inverse and counterintuitive behavior may cause problems with control and 


diagnosis of operations. For process heat exchangers, operation in the nucleate boiling regime is recommended. 
Determining the Critical or Maximum Heat Flux in Pool Boiling 
Many equations exist to predict the maximum heat flux, denoted by Point c in Figure 20.28. A recommended correlation that 


gives good predictions is that attributed to Zuber [16]: 


Q (Pi — pv) og)" pee 
Z| =n a A 
SI. pata | pr 


where 7; and r, are the densities of saturated liquid and vapor, respectively, / is the latent heat of vaporization, and s is the 


(20.45) 


surface tension of the boiling liquid. 
An alternative relationship that requires only the critical pressure is given by the Cichelli and Bonilla [17] correlation: 


0.35 0.9 
A =0.3673P. (=) (1+4) (20.46) 


where [Q/A]max is given in W/m? and pressure is in Pa. 
Example 20.9 


Estimate the critical heat flux for water at 1 atm pressure using Equations (20.45) and (20.46) and compare with the value given 
in Figure 20.28. 

Properties of water at 1 atm pressure (P = 1.013 x 10° Pa) and T= 100°C: 

rı= 958 kg/m’, r, = 0.598 kg/m?, 1 = 2.257 x 10° J/kg, s = 0.060 N/m, P, = 22.06 x 10° Pa 


Solution 

From Equation (20.45), 
Q = (1-p,)o9] 1/4 p, \ 1? 
[a ae a] Ga) 


1/4 
Q (958—0.598) (0.060) (9.81) 0.598 \ 1/2 2 
lS]. = (0.131) (0.598) (2.257 x 10°) [eases (1 + 9588) /° — 1.11 MW/m 


From Equation (20.46), 


Q 7 p \ 0:35 p\o9 
a = 93879F-(z) (1-2) 


0.35 0.9 
[2] = (0.3673) (22.06 x 10°) (aac) (1 = Lola | = 1.23 MW/m? 


A 
Thus both predictions are within +10%. 
Heat Transfer Coefficient for Nucleate (Pool) Boiling 
Perhaps the most widely used correlation for the nucleate pool boiling regime is that attributed to Rohsenow [18]: 


Q g (Pi — pv) \~? ( ei AT, 
spa (Amaral 20.4 
A ma( o C APrs oak 


From Figure 20.28, E | =~ 1.2MW/m? 
max 


where / and v refer to saturated liquid and vapor conditions, s = 1.0 for water and 1.7 for other materials, and Cyis a constant 
that depends on the material of the heated surface and varies between 0.006 and 0.013. 
This gives the equivalent heat transfer coefficient as 


gl- PNP ca N? 
h = mA (| 2E —_ | AT? 20.48 
m ( o ) CsAPr? ( ) 


The application of Equations (20.47) and (20.48) is illustrated in Example 20.10. 
Example 20.10 
Use Equations (20.47) and (20.48) to estimate the heat flux and heat transfer coefficient for water at 1 atm pressure for a 


temperature driving force of 10°C. 

Solution 

Properties of water at 1 atm pressure (P = 1.013 x 10° Pa) and T= 100°C: 

pl = 958 kg/m?,p, = 0.598 kg/m?,4 = 2.257* 10° J/kg, 6 = 0.060 N/m,cpı = 4216 J/kg/K 44 = 2.82x10-4 kg/m/s 


4216) (2.82 x 10~4 
oeae) ere 


ky = 0.6804 W/m/K, Py = 2" — 
C= a (0.6804) 


Applying Equation (20.47) with s = 1.0 and Cy= 0.013 gives 


_ 9(—P») \ 1/2 / ey AT, \ 3 
=e) (apes) 


3 
= 4 6\ ( (9-81)(958—0.598) \ 1/2 (4216) (10) 
= (2.82 x 10 ) (2.257 x 10 ) ( 0.060 ) (0.013) (2.257 x 10°) (1.747)™° 


= 1.40 x 10° W/m? 


aO BIO BIO 


The equivalent heat transfer coefficient, from Equation (20.48), is h = 14,000 W/m?/K. 


From Figure 20.28, the value of the heat flux for AT = 10°C (Point b) is approximately 1.5 x 10° W/m, or about 10% higher 
than the predicted value. It should be noted that the factor Cy was chosen as 0.013, which is a conservative estimate. The value 
of Crhas a very strong influence on the flux, and generally Cymay not be known for practical situations. The resulting heat 
transfer coefficient is very high, even using this value of C; In practice, the heat transfer coefficient for boiling is hardly ever 
the limiting heat transfer coefficient, and hence using a conservative value of Cywill not lead to significant errors in estimating 
the overall heat transfer coefficient U. 

Effects of Forced Convection on Boiling 

The conditions for pool boiling described in the previous sections are generally not those present in process heat exchangers, 
with the exception of a kettle-type reboiler, in which a vapor is generated in the shell side of the heat exchanger. Often, boiling 
is accompanied by a significant bulk flow of fluid. For example, if liquid is pumped through vertical (or horizontal) tubes that 
are surrounded by fluid (on the shell side) that is hot enough to boil the liquid in the tubes, then the heat transfer process 
becomes much more complicated. The processes occurring for this situation are illustrated in Figure 20.29. 


da) 


Single-phase 
(vapor) flow 
t y- , 
Core-annular 
flow 
8 
v= 
Slug flow ! ! ! ! ! 
3 y- . : i : 
Bubbly flow > “= 
I ' ! I d= 
; EJ Single- ' Bubbly ' Slug ' Wavy 'Core-annular ' Single- 
Single-phase phase flow flow flow flow phase 
(liquid) flow (liquid) (vapor) 
4 flow flow 


(a) (b) 
Figure 20.29 Heat Transfer Processes and Flow Regimes Occurring when Fluid is Pumped through a Tube and Vaporizes: (a) 
Vertical Tube, (b) Horizontal Tube 
For the flow in a vertical tube, from Figure 20.29(a), it can be seen that boiling starts at the bottom of the tube at some point 
above the inlet and results in a bubbly flow. As bubbles start to coalesce and form bigger spherical-cap-shaped bubbles, the flow 
pattern becomes more chaotic, and large slugs start to form and move rapidly upward. As more of the liquid becomes vaporized, 
there is a transition region where the continuous phase switches from liquid to vapor. The liquid tends to move up the tube at the 
walls, and the vapor forms a core at the center of the tube, in which nonvaporized liquid drops travel. Above the core-annular 
region, all the liquid at the walls has been vaporized, and the entrained drops of liquid in the vapor rapidly evaporate until only 
vapor exists. If the tube extends further vertically, then superheating of the vapor will occur. The situation for forced boiling in 
horizontal tubes is illustrated in Figure 20.29(b). The flow pattern in the horizontal flow mimics the vertical flow pattern in 
many ways. The big difference between the two orientations is that for horizontal flow, gravity tends to force the liquid to the 
bottom of the tube and the flow pattern is not radially symmetrical, as shown by the inserts above the figure. It should also be 


apparent that the local heat transfer coefficient varies widely over the range of conditions in the tube, which is also shown in 
Figure 20.29(b). 

From the description of the flows given for these two orientations, it is clear that the heat transfer coefficient probably changes 
significantly over the length of the tube. Moreover, the flow patterns are very complex and depend on many parameters. Indeed, 
the accurate prediction of pressure drop for these two-phase flows is difficult. There have been many attempts to correlate heat 
transfer coefficients with the flow regimes and also in combination with parameters that describe the two-phase pressure drop. 
The approach used here is to give the results from a study by Gungor and Winterton [19], in which correlations were developed 
for a large set of data taken from a wide variety of boiling liquids in horizontal and vertical tubes. The authors claim that the 
correlation is able to predict the data within +25%. The general form of their correlation is 


ha = fhi + shp (20.49) 


where Aep is the overall convective boiling coefficient, / is the convective coefficient for liquid flow in the tube, and Ap; is the 
pool boiling coefficient. The factor f, which is greater than 1, accounts for the much higher velocities for two-phase flow 
compared with single-phase flow. This factor was correlated against the two-phase Martinelli parameter, X,,, and is given by 


1.37 


f = 1 + 24, 000B116 + Pi (20.50) 


tp 


where Xp is the Martinelli two-phase flow parameter given by 


1—2\9 / p, NOS / py \ 
= wy E i 
= ( x (2) a eR 


where x is the stream quality (mass fraction of vapor in the stream), and density and viscosity are for the saturated liquid and 


vapor conditions. B, is a boiling number and is given by 
Bè = — (20.52) 


where Q/A is the heat flux, / is the latent heat of vaporizations, and G is the superficial mass velocity flowing (axially) past the 
heating surface. In using Equations (20.51) and (20.52), it should be noted that as x — 0 or 1, the equations are no longer valid. 


These limits, however, are represented by the pure convective heat transfer coefficients for all liquid flow and all vapor flow, 
respectively. 
The parameter s in Equation (20.49) is a “suppression” factor that is less than 1 and accounts for the lower superheat that is 


available in convective boiling compared to pool boiling alone. This parameter is given by 


1 


as -o 20.53 
1 +1.15 x 107ê f?Re}" nn 


where Re; is the Reynolds number for the flow inside the tube assuming that the flow is all liquid. 
The convective coefficient in Equation (20.49), hı, is taken to be from the Seider-Tate or Dittus-Boelter correlations (Equation 
[20.26] or [20.27]) for the liquid. The recommended expression for pool boiling is taken from the correlation attributed to 


Cooper [20] and is given by 
hp = 55P2!? (—logy) P) 2 (M) °° (Q/ A)?" (20.54) 
or 


hop? = 55Pp? (—logy)Pr) © (M) ©” (Lu — Psat) (20.55) 


where P, is the reduced pressure, M is the molecular weight (g/mol) and (Q/A) is the heat flux (W/m), and the units of hpp are 
W/m7/K. The pool boiling coefficient from Equation (20.48) could alternatively be used instead of Equation (20.54). 

The sequence of Equations (20.49) to (20.54) must be solved to determine the convective boiling heat transfer coefficient and in 
general will require an iterative method because the heat flux (Q/A) is imbedded in the boiling number term B, (and Equation 
[20.52]), which will not be known a priori. Moreover, the value of hep changes along the length of the tube as the vapor quality 


changes. An illustration of the use of equations for forced convection boiling is given in Example 20.11. 


Example 20.11 

An organic liquid (1-propanol at 1 bar) is to be vaporized inside a set of vertical 1-in BWG 16 tubes using condensing steam on 
the outside of the tubes to provide the energy for vaporization. The major resistance to heat transfer is expected to be on the 
inside of the tubes, and the wall temperature, as a first approximation, may be assumed to be at the temperature of the 
condensing steam, which for this case is 110°C. It may be assumed that the value of the vapor quality, x, varies from 0.01 to 
0.99 in the tube. The flow and other physical parameters for the organic liquid are 


Py = 2.003kg/m”, pı = 732.5kg/m*, py = 9.617 x 10-*kg/m/s, py = 455.8 x 10-*kg/m/s, Tsat = 96.9°C 
P, = 52bar, M = 60g/mol, kı = 0.1406 W/m/K, A = 693.5kJ/kg, cp, = 3215.13 /kg/K, m = 0.04kg/s/t 
D; = 0.745in = 18.923 x 103m 


-aD L h o Ow o 
ug M TDi  n(455.8x10®) (0.018923) 5905 


Pr = cpp /kı = (3215.1) (455.8 x 107°) / (0.1406) = 10.42 


Determine the average heat transfer coefficient and the length of the tube needed to vaporize the liquid in this vertical reboiler. 
Solution 
From Equation (20.55), the pool boiling coefficient is given by 


h93 = (55) (0.01923)™? (—log1o (0.01923)) ®™** (60)? (110 — 96.9)°®7 = 18.4056 
hp = (18.4056)! = 6810 W/m? /K 


The convective heat transfer coefficient is given by Equation (20.26); assuming that L >> D and m,, = mj, then 


_ hD 


Nu ; 


0.7 
= 0.023 h + (2) Re®® Pr'/3 = (0.023) (5905)™8 (10.42)? = 52.2 
hı = (52.2) (0.1406) / (0.018923) = 388 W/m? /K 


From Equation (20.51), 


1—2\* /p,\" 0.1 1—2\°9/2. 05 / 455.8 x 19-6 \ 4 1 
Xp = x Pv M _ x 003 55.8 x 10 — 0.07692 £ 
z pı Ho x 732.5 9.617 x 107 z 


The value of x in the preceding equation varies from 0.01 to 0.99, and hence Xp will also vary over a wide range. To account for 


the change in x, the problem will be discretized with respect to x and solved for each increment of Ax = 0.1. The calculations for 
x = 0.01 to 0.1 will be covered, and then the results for the other increments will be summarized. To calculate fin Equation 
(20.50), the value of B, must be found from Equation (20.52); however, the heat flux (Q/A) is unknown. Using the discretization 
scheme shown in Figure E20.11(a), the value of By may be found in terms of the tube length Az;. Therefore, the calculations for 


the first increment are 


Figure E20.11(a) Discretization Scheme Used in Example 20.11 


A m(x\—2.) 1 tD? zı- 0.1—0.01) (0.018923 -4 
pan _ m(w1—@)A 1 _ (tı—zo) _ ( )( ) _ 4.2577x10 and 


AG mD;Az A 4m 4Az 4Az Az 


(0.1+0.01) 1—0.055 \ 9-9 
—— = 0.055, and Xj, = 0.07692 (===) © = 0.9945 


1 


In the equation for By, the amount of heat required to vaporize the stream from a vapor fraction of xg to x; is simply 

(zı = zo )A, and the surface area of the tube required for this to happen is p D;A^z;. By guessing a value for Az), the values 
of fand s from Equations (20.50) and (20.53) can be calculated and used in Equation (20.49) to calculate Aep. Now an energy 
balance on the first increment of tube gives 


hanD; Az (Tu = Tsat) = mÀ (zı = £o) hanD; Az (To = Tsat) = mÀ (zı = £o) 
and rearranging 


mÀ (zı = zo) 


Aa n 
hanrD;i (Tw = Tsat) 


(E20.11) 


The solution for the first increment is found by iterating between Equations (20.49) and (E20.11) until a constant value of Az; is 
obtained. 
For the first iteration, choose a value of Az; = 0.5 m: 


B= samio! = 8.5154 x 107 


a 1.16 1.37 0 —4) 1-16 1.37 = 
f = 1 +24, 000(Bo) + ax, 1+ 24, 000(8.5154 x 10 ) + (9954) = 8.97 


and 


1 1 
ieee = Se 
14+1.15x10- f? Re}! 1+1.15x10~ê(8.97)° (5905)! 


ha = fhi + shp = (8.97) (388) + (0.2949) (6810) = 5489 W/m’ /K 
Substitute into Equation (E.20.12) to get 


mA (x1 — 20) (0.04) (693.5 x 10°) (0.1 — 0.01) 
Az = —— e = —___—_____________ = 0.584m 
heptDi (Tw — Tsat) (5489) m (0.018923) (110 — 96.9) 


Now recalculate Bo and iterate until to Az; does not change; finally this gives Az; = 0.635 m. The results for the whole range of 
x from 0.01 to 0.99 are given in Table E20.11. 
Table E20.11 Results for Convective Boiling Heat Transfer as a Function of Distance from the Entrance 
hebi Q/A Azi 
(W/m7/K)(kW/m7)(m) 
0.01-0.10.00067 0.0550.99457.3740.38235465 66.12 0.635 
0.1-0.2 0.0007640.15 0.366510.060.24955603 75.33 0.619 
0.2—0.3 0.0008330.25 0.206812.750.17166114 82.20 0.568 
0.3-0.4 0.0009690.35 0.134316.370.11167110 95.59 0.488 
0.4-0.5 0.0011970.45 0.092121.440.06828783 118.1 0.395 
0.5—0.6 0.0015630.55 0.064228.860.038811,464 154.1 0.303 
0.6-0.7 0.0021610.65 0.044140.510.020115,855 213.2 0.219 
0.7—0.8 0.00325 0.75 0.028661.300.008923,843 320.6 0.146 
0.8-0.9 0.00581 0.85 0.0161109.80.002842,622 573.0 0.081 
0.9-0.990.01244 0.9450.0059261.40.0005101,412 1227.1 0.034 
Total 3.488 
Therefore, a tube length of 3.488 m (11.4 ft) is required. The average heat transfer coefficient for this service is found from 


xi — Xj-1 Bo, Ti Xpi fi Si 


-R mÀ 7 (0.04) (693.5 x 108) ae 
P Dj Zrotat (Tu — Tsat) 7 (0.018923) (3.488) (110 — 96.9) 


From Equation (20.46), the maximum heat flux for pool boiling is given by 


Q P 0.35 P 0.9 5 1 0.35 1 0.9 2 
x|) =Q. call f=) si 2x1 = 1-—} =471kW 
2 m 0.3673 P, P 0.3673 (52 x 10°) F BS /m 


The critical heat flux of 471 kW/m? is exceeded at the end of the tube (x > 0.9), but this critical value is for quiescent pool 
boiling, and the effect of convection means that flux values above the critical value are possible. Alternatively, the flux could be 
limited to the value of 471 kW/m? but the effect on the required tube length would be very small. Therefore, the estimate of a 
3.49 long tube is reasonable. 

One last point of interest is the relationship between Aep and distance from the entrance given in Table E20.11, which is shown 


in Figure E20.11(b). 
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Figure E20.11(b) Heat Transfer Coefficient as a Function of Distance from the Entrance to the Tube 
The basic shape of the curve appears to be somewhat different from that given in Figure 20.29. However, as noted previously, 
for x = 0 the liquid convective coefficient should be used, and for x = 1 the gas convective coefficient should be used, and these 
limits are shown on the figure. The transition from the convective boiling correlation of Gungor and Winterton [19] to these 
single-phase limits is not predicted, but the general trend in the results from this example do follow the shape of Figure 20.29, 
and a dashed curve showing possible transitions from the single-to two-phase regimes is shown in Figure E20.11(b). 
Film Boiling 
When the temperature driving force between the tube wall and the boiling liquid exceeds a critical value (Point d, the 
Leidenfrost point on Figure 20.28), then the heat transfer enters the film boiling regime. This regime is characterized by a 
coherent continuous film of vapor covering the heat transfer surface. The recommended correlation for the film boiling regime 
on the outside of a horizontal tube is attributed to Bromley [21]: 
1/4 3 
= g (Pi — Pv) Ake 

or h fb = 0.62 | —______ 

Hv (To = Tsat) D 


haD — py) AD? ue 
RA we g (Pi — pv) 


ky Hv ky (To = Tsat) 


Nūp = 


where the bar over the symbol represents an average heat transfer coefficient over the length of the tube. Often, the convective 
heat transfer coefficient in Equation (20.56) is augmented by a radiation component that becomes increasingly important as the 
absolute temperature difference between the surface and the boiling point of the liquid increases. When this is the case, the 
overall heat transfer coefficient, h fb, total, Should be calculated from 


Enia) =a) ETit (20.57) 


where hrad is calculated from 


co(Ti- Ti.) 


T, Ta) (20.58) 


hrad = 


where e is the emissivity of the tube surface, s is the Stefan-Boltzmann constant (5.6704 x 10-8 W/m?/K*), and the temperatures 
used in Equation (20.58) are absolute (Kelvin). It should be clear that when radiation is important, the calculation of the boiling 


film heat transfer coefficient using Equations (20.56), (20.57), and (20.58) is an iterative process. 

Example 20.12 

Calculate the heat transfer coefficient for water boiling at 42 bar pressure (253.3°C) in the shell side of a waste heat boiler 
equipped with 1.25 BWG 12 tubes. 

Assume that the tube wall temperature is constant at 400°C, and include radiation from the wall that has an emissivity of 0.40. 
Solution 

p, = 21.14 kg/m, p; = 732.5 kg/m, m, = 19.11 x 10% kg/m/s, Tyqz = 253.3°C, MW = 18, 

k, = 0.0442 W/m/K, / = 1697.8 kJ/kg, D = 1.25 in = 0.03175 m 

From Equation (20.56), 


1/4 
(9.81) (732.5—21.14) (1697.8 10°) (0.0442)° / 


9(P1—Py) Ak | ne 
(19.11x10~°) (400—253.3) (0.03175) 


hf» = 0.62 | Sane 


= 0.62 | 
hyp = 203W/m? /K 
From Equation (20.58), 


eo(Ty Tr.) (0-4) (5.6704x10-*) ((400+273.15)*—(253.3+273.15)*) 
(oTa) oo) st—‘i=s~™~S~™S 
hraa = 19.9W/m?/K 


hrad = 


From Equation (20.57), 


4/3 
(Ripetotat)"* = (203)? + 19.9 (hfa totai)" 
Solving gives 
Rfototal = 218.1 W/m? /K 


This represents a 7% increase in hp due to radiation effects. 
20.5.3.4 Condensing Heat Transfer 
If a vapor is exposed to a cold surface and the liquid does not wet the surface, then the vapor will condense by forming small 


drops or beads of liquid on the surface. This phenomenon is sometimes seen on window panes and car windshields, when the 
outside temperature drops and water from the warm humid air inside starts to condense on the cold glass. This phenomenon is 
known as dropwise condensation. The beads that form roll off the surface if it is inclined to the vertical or form a pool on a 
horizontal surface. Dropwise condensation does not occur, except in rare circumstances, in process heat exchangers, because the 
surfaces are not smooth and clean but are rough due to fouling and surface scaling. For most practical circumstances, vapors 
condense on heat-exchanger surfaces by a film condensation mechanism discussed next. 

When a vapor close to its saturation temperature, Tsa is exposed to a cold surface at a temperature below Tan then 
condensation of the vapor occurs on the surface. 

In heat exchangers, this process is often accomplished by exposing a saturated vapor on the shell side of an S-T exchanger to 
horizontal (or vertical) tubes through which a cooling liquid is passed. At steady state, the liquid forms a film around the 
circumference of the tube and falls by gravity onto tubes situated below it. This phenomenon is illustrated in Figure 20.30(a). 
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the influence of gravity 


(a) (b) (c) 
Figure 20.30 Liquid Condensing on a Cold Surface: (a) Horizontal Tube, (b) Vertical Plate, and (c) a Bank of Multiple 
Horizontal Tubes 
Shown in Figure 20.30(b) is the condensation of liquid on a flat, vertical plate. As the liquid falls, the liquid layer increases in 
thickness, and the resistance to heat transfer increases because the path for energy flow through the liquid film becomes longer. 


In Figure 20.30(c) the condensation on a stack of vertically aligned horizontal tubes is illustrated. 
Nusselt’s Analysis of Falling-Film Condensation 
Using the following assumptions regarding the flow of condensate on a vertical flat plate, Nusselt analyzed the heat transfer 


process that occurs across the film of flowing liquid condensate: 

Laminar flow of fluid with constant physical properties. 

Gas is a pure vapor at Tsat. Condensation occurs only at the vapor-liquid interface, that is, no heat transfer resistance in gas. 
Shear stress at the liquid-vapor boundary is zero, that is, no vapor velocity or vapor thermal boundary layer effects. 

Heat transfer across the liquid film is only by conduction. 

Nusselt’s analysis leads to the following expression for the average heat transfer coefficient over the length, L, of the plate: 


heL =p) AT" 
Nua tE = 9.943 | 29 (P1 — Po) ALT (20.59) 
ky Ly ky (Toat = To) 
Alternatively, the average heat transfer coefficient can be written as 
1/4 
= gk? (pi — po )À 
A 094g | 29 A (20.60) 


Hi (Toat z Tw) L 


where, according to McAdams [22], all the physical properties of the liquid should be evaluated at the average film temperature, 
T= Tsat — 9.75(T sat — Tw). 
The total rate at which liquid condenses can then be determined via an energy balance as 

Q hA (Toat z Tw) 

m= > = — 20.61 

À À ( ) 
The condition for which the expression in Equation (20.60) is valid is determined on the basis of the value of an effective 
Reynolds number for the falling film, Reg, given by 


— Agpi (er — pı) 4r 


Re; 
3u? mW 


(20.62) 


where 6 is the thickness of the falling film (Figure 20.30[b]) and m is the mass flow rate of condensate falling down a plate of 


width W. Equation (20.60) is valid for Reg < 30. For the region 30 < Reg < 1800, the flow down the plate is described as wavy 
laminar and there is a slight enhancement of the heat transfer coefficient such that from Equation (20.60) should be multiplied 


by E, where E is given by 


E = 0.73Re;? (20.63) 


Falling-Film Condensation on Cylinders 
The result from Nusselt for laminar flow on a vertical flat plate is essentially correct, even for vertically oriented tubes, except 


the results from experiments suggest that the coefficient should be increased: 


heL =p) NIT” 
Nu = —— = 1. Pig (PL — Po) A E (20.64) 
kı Hi kı (Tsat — Tw) 
where the latent heat is modified to include subcooling in the film as 
N = A + 0.68cp1 (Toat — Tw) (20.65) 
For the case when the flow in the film is turbulent (and Reg, max > 1800), McAdams [22] suggests the use of the following 
equation: 
_ 1/3 
hL — i 
Nu = ~*~ = 0.0077 PO CT, (20.66) 


ky Hi 
For film condensation on the outside of horizontally oriented tubes, the following expression was obtained by Nusselt: 
— 1/4 
hD 19 (Pi — X D3 
_ PeDo _ ggog| P19 (Pr e)N D 


Nu 
ky bik; (Tsat = Tw) 


(20.67) 


Because the path length for the film formation (~z D,/2) on tubes used for commercial heat exchangers is relatively small, 
turbulent flow rarely occurs in horizontal-tube condensers. An example to illustrate use of the correlations for condensing heat 
transfer is given in Example 20.13. 

Example 20.13 (Adapted from Bennett and Myers [23], Problem 25.1) 

An S-T condenser contains four rows of four copper tubes per row on a square pitch. The tubes are 1-in, 16 BWG and 6 ft long. 
Cooling water flows through the tubes such that A; = 1000 BTU/hr/ft?/°F. The water flow is high so that the temperature on the 
tube side (Twater) may be assumed to be constant at 90°F. Pure saturated steam at 5 psig is condensing on the shell side. 
Determine the capacity of the condenser (Q in BTU/hr) if the condenser tubes are oriented (a) vertically and (b) horizontally. 
You should assume that neither water nor steam fouls the heat-exchange surfaces. 

Solution 

The correct film temperature is unknown and depends on ho. The solution algorithm is 

Guess hy 

Calculate film temperature and film properties 

Apply equation for A, and iterate 

Guess o = 1000 BTU/ hr/ft?/°F. 

Vertical arrangement 

Steam at 227°F, Dy = 1.0 in = 0.0833 ft, Dj = 0.87 in = 0.0725 ft, keopper = 220 BTU/hr/ft/°F 

From Equation (20.23) (with no fouling coefficients for either stream), 


= 
_ 1 D,In(D,/D;) D, D, 1 
Uo = E + Rfo + aR, tD Rfi + Dh 
now = ho (Tsat — Tw) = Uo (Tsat — Twater) and rearranging gives 
(Tsat —Ty) = (Tsat —Twater ) 
ES g Doln(Do/D;) D 
1 i lio 1 
ho E ++ ew + Dg hy 
| (227-Ty) (227-90) 
1) To oa (0.0833)1n(0.0833/0.0725) (0.0833) 4 
1000 T000 (2)(220) (0.0725) 1000 
1x 107%) (227-90) 
(227 = To) = TEER aai aa > Le = 164.0°F 
(1x107° +2.63x 107° +1.149x 107%) 


Ty = Toat — 0.75 (Tsat — Ty) = 227 — 0.75 (227 — 164.0) = 179.8°F 


For water at 179.8°F — k; = 0.3882 BTU/h/ft/°F, r= 60.55 1b/ft?, /= 960 BTU/Ib (at 5 psig), m; = 0.8161 1b/ft/h, c, = 0.9720 
BTU/Ib/°F, r, = 0.049 1b/ft?. 


N= À + 0.68cp1 (Tsat — Tw) = 960 + (0.68) (0.9720) (227 — 163.9) = 1002 BTU/Ib,, 


Substituting values into Equation (20.64), 


be 1/4 
— helo __ 219(0)—Py XL? 1/4 B (60.55) (32.2 36007) (60.55—0.049) (1002) (6)? 
Nu = "= 1.13| Gem | = o 
heL > o 
Nu = = = 12,731 = he = (12, 731) (0.3882) / (6) = 824 BTU/hr/ft” /°F 


Iterating to find the new Tọ and 7; gives 


Qian): _ (227-90) 
EZ m 1. (0.0833)1n(0.0833/0.0725) (0.0833) 1 
824 824 (2)(220) (0.0725) 1000 
1.214x 107?) (227-90) 
Oran) =. See 8 


(1.214 10-3 42.63 x 10-°+1.149x 107") 
Tr = Tsat — 0.75 (Tsat — Ty) = 227 — 0.75 (227 — 158.1) = 175.4°F 


For water at 175.4°F — kı = 0.3873 BTU/h/ft/°F, r= 60.65 Ib/ft?, J = 960 BTU/Ib (at 5 psig), m; = 0.8405 Ib/ft/h, cp; = 0.9718 
BTU/Ib/°F, r, = 0.049 Ib/ft?. 


A’ = A + 0.68cp1 (Tsat — Tw) = 960 + (0.68) (0.9718) (227 — 158.1) = 1006 BTU/Ib 


= 12,388 > he = 800 BTU/hr/ft? /°F 


(60.65) (32.2 3600?) (60.65—0.049) (1006) (6)° 1a 
(0.8405) (0.3873) (227—158.1) 


Nu = 1.13 | 


One more iteration yields he = 796BTU/hr/ ft" / °F, which is close enough to the previous iteration: 


D,In(D,/D;) 
2k, 


a fu De D 1]! 
nU, = [E+ Re+ +3 Ret FE 


o fea (0.0833)1n(0.0833/0.0725) — (0.0833) 4 Jt _ 2 Jo 
U = É a oe aa | = 411 BTU /hr/ft? /°F 


Q =U, Ao ATim = (411) (16) (7) (0.0833) (6) (227 — 90) = 1.42 x 10° BTU/hr 


Check for Reg: 


4n — A(Q/A) Ss 4 (1.42 x 10°/1006) 


Res = —— = a N E E a 
© Wu (Do) nuses (0.8451) (7) (0.0833) (16) 


= 1590 


Reg < 1800, so the correct equation was used. 
Horizontal arrangement 
Use the same approach as used for vertical tubes. For iteration 1, use the same temperatures and properties as for vertical tubes 


(Equation [20.67]): 


Nu = hoy = 0.728] 
kı 


pig (Pi — py) X'D3 | us 
Li ky (Tsat _ Tu) 


= 332 


(0.8161) (0.3882) (227—164.0) 


2 2 311/4 
Nu = 0.728 ee | 


Tie = (332) (0.3882) / (0.0833) = 1546 BTU/hr /ft? /°F 


Iterating to find the new Tọ and 7; gives 


a) (227-90) 
_1—__q__ (0.0833)1n(0.0833/0.0725) (0.0833) 1 
1546 1546 (2)(220) (0.0725) 1000 


(6.458 x 10-*) (227-90) 
(6.468x 10° 4+5.2610-°+1.149x10-*) 


Ty = Toat — 0.75 (Toat — Tw) = 227 — 0.75 (227 — 178.4) = 190.5°F 


7-7) = => T, = 178.4°F 


For water at 190.5°F — k; = 0.3903 BTU/hr/ft/°F, r; = 60.295 1b/ft?, /= 960 BTU/b (at 5 psig), m; = 0.7597 1b/ft/h, cp; = 0.9728 
BTU/Ib/°F, r, = 0.049 1b/ft?. 


N = A + 0.68cp1 (Tsat — Tw) = 960 + (0.68) (0.9728) (227 — 178.4) = 992.2 BTU/Ib 


cen nen aa oeeo] i 


Nu = 0.728 | (0.7597) (0.3903) (227—178.4) 


=> he = 1679 BTU/hr /ft? /°F 


The third iteration gives he = 1706BTU /hr /ft? /°F, Ty = 180.9°F, and Ty= 192.4°F. The fourth iteration gives h, = 1712 
BTU/hr/ft?/°F this is close enough to the previous iteration. 


2 1 (0.0833)1n(0.0833/0.0725) — (0.0833) ı J17} _ 2 Jo 
Uo Fee + (2) (220) (0.0725) m| = S80 RTU NEE 
Q = U, Ao ATım = (560) (16) (7) (0.0833) (6) (227 — 90) = 1.93 x 10° BTU/hr 
Check for Reg: 
4(Q/X 4 (1.93 x 10°/990 
Re; a (Q/A) ( / ) = 54.3 > laminar flow 


~ iW 4, (2)(L) neses (0.7485) (2) (6) (16) 


The correct equation was used. 
20.6 EXTENDED SURFACES 
From Examples 20.6 and 20.7, it is clear that the heat transfer coefficients for gases are generally much lower than for liquids or 


for phase changes. Indeed, the limiting heat transfer coefficient will be the gas film coefficient if a gas is one of the fluids in the 


exchanger. To increase the effective gas film coefficient, it is often necessary to add some form of extended heat transfer surface 
or fins to the gas side of the heat exchanger. Some examples of finned tubes were given in Figures 20.22 and 20.23. Some 
additional arrangements of fins are given in Figure 20.31. 


(g) 
Figure 20.31 Various Fin Types: (a) Straight Fin Constant Thickness, (b) Spine or Pin Fin Constant Thickness, (c) Annular Fin 


Constant Thickness, (d) Straight Fin nonuniform Thickness, (e) Spine or Pin Fin Nonuniform Thickness, (f) Annular Fin 
Nonuniform Thickness, (g) Longitudinal Fin Constant Thickness 


From Figure 20.31, it can be seen that a wide variety of fin geometries is possible, and the equations describing the temperature 
profile in the fin can be quite complicated. In subsequent sections, the equations for both simple and more complicated 


geometries are presented without derivation. 
20.6.1 Rectangular Fin with Constant Thickness 


A rectangular fin is shown in Figure 20.3 1(a). The equations describing the heat conduction in this type of fin, with a constant 
cross section, are formulated and solved in Appendix 20.B. A key parameter in analyzing the performance of a fin is the fin 
effectiveness, defined as 


Heat transferred through fin tanh (mL) 
” Heat transferred through fin if fin temperature were T, throughout mL 
(20.68) 


For the rectangular fin, L is the length of the fin and d is the thickness of the fin; the fin effectiveness is given by Equation 
(20.68) and is plotted in Figure 20.32. The term m is a dimensionless parameter that is defined in Equation (20.69). 
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Figure 20.32 Efficiency for Rectangular Fins with Constant Cross Section 
2h 
m= 4] = 20.69 
k (20.69) 


The value of €4, indicates the efficiency by which the additional fin surface area is being utilized. For example, if the thermal 
conductivity of the fin material is very high or the fin is short, then, all else being equal, the temperature everywhere along the 
length of the fin is close to the wall temperature, and temperature driving force between the fin and the surroundings will be 
close to Ty — Tuia. Therefore, the fin surface area is used effectively. If, on the other hand, the fin length, L, is very long 
compared with its thickness, d, then the temperature of the fin over a major portion of its length is close to Thuig, and the 
efficiency of the fin is low, since only a small portion of the fin (close to the wall) has a significant temperature driving force to 
exchange heat with the surrounding fluid. In other words, the good news is that the fin provides more area for heat transfer, but 
the bad news is that the driving force may decrease down the length of the fin, so all of the benefit of the increased area is not 
seen. The effectiveness factor quantifies this situation. 

In the previous analysis, it was assumed that the tip of the fin did not lose any heat or that an adiabatic boundary condition at the 
end of the fin was used. This assumption is strictly correct only for fins with a very large value of L/5. However, the results 
given in Equation (20.68) and Figure 20.32 can be used with great accuracy if a corrected fin length, Le, is used, where 


1 
L.=L+56 (20.70) 


20.6.2 Fin Efficiency for Other Fin Geometries 
20.6.2.1 Annular or Circular Fins of Uniform Thickness 
These fins are shown in Figure 20.31(c), and the fin efficiency is given by 


= 2a ky (ab) i, (b) = ky (b) h (ab) 
La Fat) Ke (ab) (6) — Ki OA ae) 


where a = #* b =r fin4/ Z and I; and K; are modified Bessel functions of the first and second kind of order i, 


T fin 2 


respectively. Equation (20.71) is plotted in Figure 20.33. 
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Figure 20.33 Fin Efficiency for an Annular Fin of Constant Thickness 
20.6.2.2 Narrow Triangular Fin 
The efficiency for these fins, Figure 20.3 1(d), is given by 


1 I, (2mL) 


in = ——— 20.72 
Ef mL Ip (2mL) ( ) 


where m = 4/ a and Equation (20.72) is plotted in Figure 20.34. 
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Figure 20.34 Fin Efficiency for a Triangular Fin 
20.6.3 Total Heat Transfer Surface Effectiveness 
Up until this point, the efficiency of single fins of different geometries has been considered. However, multiple fins are always 


used in real heat exchangers. Consider a set of fins stacked as shown in Figure 20.35. For the case of rectangular straight fins, 
shown in Figure 20.35(a), consider a section of wall of area W(d + b). Without fins, this would be the area exposed to the fluid; 
with fins, the heat transfer area becomes Wb + 2LW. Assuming that the film heat transfer coefficient, A, between the surface and 
the surrounding fluid does not vary with position, then an energy balance for the surface gives 


L L 


iGiG, = 


NU IN INN N 


(a) (b) 
Figure 20.35 Stacked Arrangement of Fins: (a) Straight Rectangular Fins, (b) Straight Triangular Fins, (c) Straight Annular Fins 


Q = Wbh (To _ Ta) + 2LW hE fin (To = T fluid) (20.73) 


If Abase is the area of the surface not taken up by fins (equal to Wb for the section of wall considered), Apare 1s the total surface 
area without fins (equal to W(d + b) for this example), and Apn is the area of the fins (equal to 2WL for the single fin considered 
in this example), then the results from Equation (20.73) can be generalized as follows: With fins: 


Q = (Abase + Efin Afin) h (To — Tptuia) (20.74) 
Without fins: 
Q = Abareh (To — Tpuia) (20.75) 
The enhancement in heat transfer is found by comparing Equations (20.74) and (20.75): 


Abase + E fin Afin 


20.76 
Abare ( ) 


Enhancement in heat transfer = 


This enhancement of heat transfer depends on the geometry of the fins and the fin efficiency and is illustrated in Example 20.14. 
Example 20.14 

An aluminum heat transfer surface that is maintained at 100°C is in contact with air at 20°C. The film heat transfer coefficient 
between the surface and the air is estimated to be 42 W/m?/K. Determine the area of bare surface equivalent required to transfer 
4 kW of power and the enhancement in heat transfer for the following cases: 

A bare flat metal surface 

A flat metal surface equipped with 50 mm long, 3 mm wide rectangular aluminum fins placed on 10 mm centers 

A flat metal surface equipped with 50 mm long, 3 mm wide-base triangular aluminum fins placed on 10 mm centers 

A bare 1-in, 14 BWG tube 

A l-in, 14 BWG tube with 2-in diameter annular fins of constant thickness of 3 mm placed on 10 mm centers 

A l-in, 14 BWG tube with 3-in diameter annular fins of constant thickness of 3 mm placed on 10 mm centers 


Solution 
From Table 20.3, for aluminum at 100°C, k = 206 W/m/K. From Table 20.4, OD 1-in, 14 BWG tube is 25.4 mm. 
4, 000 P 
Q = 4,000 = hAAT = (42) (A) (100 — 20) > A= —— = 1.19m 
(42) (80) 
The arrangement of the fins is shown in Figure E20.14(a) 
3 mm 
i 10mm 
a 7 mm 


EA 


50 mm 


Width of fins into the page = w m 

Figure E20.14(a) Fin Arrangement for Rectangular Fins 
m = (2h/ðk)1/2 = [(2)(42)/(0.003)/(206)]1/2 = 11.66 

L = 0.050 m 

mL = 0.5829 

From Figure 20.32, eg, = 0.90. 

From Equation (20.74), 


Q = (Abase + E fin Afin) h (To E T fluid) 


4,000 
(Abase F EfinÁfin) = (42) (80) = 1.19 m? 


Consider an area of bare surface equal to 10 mm by w or 0.01w. The base area is 0.007w and the equivalent fin area is 2(0.05)w 
= 0.1w. Normalizing these areas with the bare area gives A pase = Apare(0.007w)/(0.01 w) = 0.7A pare and A fin = Apase(0.1w)/(0.01w) 
= 10A pase. Substitute these values into the above expression, with €4,, = 0.90, and solve: 


(Abase + € fin Afin) = Abare [0.7 + (10) (0.90)] = 9.7 Atare = 1.19 m? 
. Abare = =P = 0.1227 m? 


Abase +E fin Afin 


Enhancement in heat transfer = 7 
bare 


_ 0.7+9.7 __ 
= THI = 10.4 


It was pointed out previously that the adiabatic tip assumption for the fin may not be valid and that to account for this, an 
adjustment in the length of the fin can be made. According to Equation (20.70), 


1 
Le = L + 58 = 50 + 3.0/2 = 51.5 mm 


Using this adjusted value of L gives mL, = (11.66)(0.0515) = 0.600, €n = 0.895, and Afin = 2(0.0515)(w) = 0.103w = 10.34base. 
Substitute these values into the above expression, with €f = 0.895, and solve: 


Abase + Etin Atin) = Abare [0.7 + (10.3) (0.895)] = 9.92 Apare = 1.19 m? 
fin Af 


a Abare = 12 = 0.120 m? 


Abase i Efin Afin _ 0.7 + 9.92 


= 10.62 
Abare 1.0 


Enhancement in heat transfer = 


or a 2% increase from the case when an adiabatic tip is assumed. 
The arrangement of the fins is shown in Figure E20.14(b). 


i —? 


50 mm 


Width of fins into the page = wm 

Figure E20.14(b) Fin Arrangement for Triangular Fins 
m = (2h/5k)” = [(2)(42)/(0.003)/(206)]” = 11.66 

L = 0.050 m 

mL = 0.5829 

From Figure 20.34, eg, = 0.86. 

From Equation (20.74), 


Q = (Atase + E fin Afin) h (To a T fluid) 
(Atase + Efin Afin) = oe = 1.19 m? 
base fin fin (42)(80) + 
Consider an area of bare surface equal to 10 mm by w or 0.01w. The base area is 0.007w, and the equivalent fin area is 2(0.05? + 
0.00152)!? w = 0.1w. Normalizing these areas with the bare area gives A pase = A pare(0-007w)/(0.01w) = 0.7A pare and Agn = 


Apase(0.1w)/(0.01w) = 10 Abase. Substituting these values into the above expression, with €4, = 0.90, and solving: 


(Abase + € fin Afin) = Adare [0.7 + (10) (0.86)] = 9.3Agare = 1.19m? 
2. Abare = $2 = 0.1280m? 


3 Abase +E inA i 0.7+8.6 
Enhancement in heat transfer = es = = —93 
bare 


From Part (a), A = 1.19 m?— this is equivalent to a length of l-in tube, Lube: 


A 1.19 
be ee EE E 
tube D (3.142) (0.0254) ji 


The arrangement of the fins is shown in Figure E20.14(c). 
3mm 


| 10mm 


$ 7mm 


| | lube = 0.5” (12.7 mm) 


le, = 1” (25.4 mm) 
Figure E20.14(c) Fin Arrangement for 2-in Annular Fins 


L Tebe _ (0.0127) _ 
Thin (0.0254) 


BR (2)(42) _ 
b = ryiny/ 3 = (0.0254) 4/ sow = 0-2961 


0.5, 


From Figure 20.33, Efn = 0.99. 
From Equation (20.74), 


Q = (Abase + E fin Afin) h (To _ T fluid) 


4,000 
(Abase + E fin Afin) = (42)(80) = 1.19 m? 


Consider an area of bare surface equal to 10 mm of tube length, Apare = 7 (0.0254)(0.01) = 7.980 x 10-4 m. The base area is z 
(0.0254)(0.007) = 5.586 x 10-4 m, and the equivalent fin area is 2x (0.0254%—0.01272) "2/4 = 7.6 x 10-4 m. Normalizing these 
areas with the bare area gives Apase = Apare(5-586 x 10 *)/(7.980 x 107$) = 0.74 bare and Afin = Abasel7.6 x 10-4)/(7.980 x 107$) = 
0.952 Abase. Substituting these values into the above expression, with ¢4, = 0.99, and solving: 


Abase + € fin Afin) = Abare [0.7 + (0.952) (0.99)] = 1.642 Arare = 1.19 m? 
fin*f 


F — 119 _ 2 
Pa Abare = is ~ 0.7245 m 


_— A _ 0.7245 
Liube = =p = (3.142)(0.0254) 9.08 m 


. Abase +E fin A fin 0.7)-+(0.952) (0.99 
Enhancement in heat transfer = —“““—"“"_ = (0-7) + (0.952) (0.99) _ 


7a D 1.64 


The arrangement of the fins is shown in Figure E20.14(d). 


3mm 


| 10mm 


$ 7mm 


lube = 0.5” (12.7 mm) 


lan = 1.5” (38.1 mm) 
Figure E20.14(d) Fin Arrangement for 3-in Annular Fins 


Tube _ (0.0127) _ 
U Ge (0.0381) 0.333, 


Layee gi (2)(42) 
b = ffin) 2 = (0.0254) / aoo = 0-2961 


From Figure 20.33, Efn = 0.978. 
From Equation (20.74), 


Q = (Abase + Efin Asin) h (To — Tyia) 
4000 


= G0 ~ 1.19 m? 


(Abase + E fin Afin ) 


Consider an area of bare surface equal to 10 mm of tube length, Apare = 7 (0.0254)(0.01) = 7.980 x 10-4 m. The base area is z 
(0.0254)(0.007) = 5.586 x 104 m, and the equivalent fin area is 2z (0.03817-0.01277)!7/4 = 20.27 x 10-4 m. Normalizing these 
areas with the bare area gives Abase = Apare(5.586 x 10 *)/(7.980 x 10-4) = 0.7A pare and Afin = Apase(20.27 x 10°4)/(7.980 x 107$) 
= 2.540 Abase. Substituting these values into the above expression, with €n = 0.978, and solving: 


(Abase + € fin Afin) = Avare [0.7 + (2.54) (0.978)] = 3.184Abare = 1.19 m? 
7 — 1.19 _ 2 
1. Apare = gf, = 0.3737m 
A _ 0.3737 __ 
Lube = =p = (3.142)(0.0254) 4.68m 
: Abase +€ fin A fin 0.7+(2.54) (0.978 
Enhancement in heat transfer = D = aa = 3.18 
From Example 20.14, it is clear that for all the fins considered, there is a significant enhancement of heat transfer due to the 
presence of the fins. The enhancement factors for the cases with fins were 10.4, 9.3, 1.64, and 3.18 for cases b, c, e, and f, 
respectively. The enhancement factor can be considered a measure of the increase in effective film heat transfer coefficient that 
the fins provide. Thus, the required heat transfer area, based on the base area, is reduced significantly and varies in the range of 
40% to 90% reduction for the cases considered in Example 20.14. The choice to use fins is an economic one, since the overall 


bare heat transfer area will be reduced, but the cost of the heat transfer area increases significantly. 
20.7 ALGORITHM AND WORKED EXAMPLES FOR THE DESIGN OF HEAT EXCHANGERS 
In this section, the theory needed to design a heat exchanger, which has been presented previously, is brought together along 


with some of the practical considerations of heat-exchanger design. The approach given here is to provide an algorithm to 
determine a preliminary design of a heat exchanger for a given service. The final design requires the use of sophisticated 
software and input from a manufacturer of heat exchangers. However, the algorithm presented here should provide a reasonable 
design, albeit not optimal, for the service considered. 


20.7.1 Pressure Drop Considerations 
Up until this point, the equations describing the thermal behavior of the heat exchanger have been covered. However, the design 
of an exchanger is always a compromise in which higher heat transfer coefficients caused by higher fluid velocities are balanced 


with the high-pressure drops caused by the higher velocities. It is usual in the design process to specify nominal pressure drops 
for the shell-side and tube-side fluids. Although these nominal values may be exceeded, they usually act as reasonable upper 
bounds on the allowable pressure drop. The procedure for estimating the pressure drop for the shell-side fluid was covered in 
Section 20.5.3.2 using Kern’s method. For the tube-side fluid, the standard term for the frictional pressure drop in circular tubes 
can be used with the addition of four velocity heads per return due to changes in fluid direction for multiple tube passes. The 
recommended equation is 


Nip Ltub Nip Ltub 
-APh tubes = 2f 5 pu} +2 (Nip — 1) pu? = [2f 7 +2 (Nip — 1)| pu? 
l l 


II 


where Np is the number of tube passes, u; is the velocity inside the tubes, and D; is the inside tube diameter. In Equation (20.77), 
the first term on the right-hand side accounts for the frictional pressure loss in the tubes, and the second term accounts for losses 
occurring at the ends of the exchanger where the fluid changes direction. 

Once a given arrangement of tubes, shells, baffles, and so on, has been made, more sophisticated CFD (computational fluid 
dynamics) models can be constructed to determine more accurate estimates of the expected pressure drops through the 
exchanger. 

20.7.2 Design Algorithm 

The design process for S-T heat exchangers is an iterative one, because the value of U must be known, but it cannot be 
calculated until values for the shell diameter, baffle spacing, number of tubes, and so on, have been determined, which in turn 
cannot be calculated unless U is known. Once the calculations have been completed, the assumptions about the construction 
parameters may be checked and modified and calculations reworked. Following such a process, a final acceptable design can be 
found. Although not unique, the following algorithm for the design of an S-T heat exchanger is recommended: 

Establish the energy balance around the heat exchanger: 


Q = iube Ahture = MiubeCp,tube Attube = Mshett AH shell = Mshell Cp,shell AT shell 


Using the heuristics in Section 20.2.1.7, determine which fluid should go on the shell side and which on the tube side. 

For the tube side, determine the mass flowrate, inlet temperature, outlet temperature, and enthalpy change. 

For the shell side, determine the mass flowrate, inlet temperature, outlet temperature, and enthalpy change. 

Determine all the fluid properties, m, p, k, cp, at the appropriate average temperatures. 

Determine the maximum allowable pressure drops for the tube side and shell side. 

Determine the number of shell passes, Nsreis, using Equation (20.16) and the number of tube passes, Np = 2(or 4 or 6...)N shells» 
and determine the LM7D correction factor, Fy—2y and LMTD. 

Choose the shell and tube arrangement. Determine the following: 

Tube length, Ziype: Standard lengths are 8, 12, 16, and 20 ft 

Baffle cut, BC: 15% to 45% of D, with 20% to 35% being the “standard” range 

Baffle spacing: Lp ranges from a minimum of 0.2D, or 2 inch to a maximum of D, 

Tube diameter, D,: Standard sizes are 3⁄4 and 1 in 

Tube thickness: Ranges from 12 to 18 BWG (see Table 20.4) and actual value will depend on the tube-side fluid pressure and 
temperature 

Tube arrangement (square or triangular) and pitch, p: Typical values are p = 1.25D, for triangular and p = D, + 0.25 in for 
square 

Choose a tube-side velocity between 1 and 3 m/s (this should not exceed 3 m/s), and from this value estimate the number of 
tubes per pass, the total number of tubes in the exchanger, Nubes, and the inside heat transfer coefficient, h;. 

Use the tube count information from Tables 20.6 and 20.7 to determine the shell diameter. 

Table 20.6 Tube Counts for Shell-and-Tube Heat Exchangers—Fixed Tubesheet (Equilateral Triangular Pitch) 


A , 1-pass 2-pass 4-pass 6-pass 8-pass 
SMA LADERE aN) D-p(in) = %-1 11% Yl 11% YA 1-4 Yl 11⁄4 Yl 1-1 
8 33 15 28 16 
10 57 33 56 32 4 4 
12 91 57 90 52 N 44 
13% 117 3 110 62 9% 6 6&6 34 — — 
15% 157 103 154 92 «134 78 104 56 82 — 
174 217 133 208 126 180 104 156 82 124 66 
19% 277 163 264 162 232 138 202 112 170 90 


21⁄4 343 205 326 204 292 176 258 150 224 120 


23⁄4 423 247 398 244 360 212 322 182 286 154 


25 493 307 468 292 424 258 388 226 344 190 
27 577 361 556 346 508 308 464 274 422 240 
29 667 427 646 410 596 368 548 338 496 298 
31 765 481 746 462 692 422 640 382 588 342 
33 889 551 858 530 802 486 744 442 694 400 
35 1007 633 972 608 912 560 852 514 798 466 
37 1127 699 1088 688 1024 638 964 586 902 542 


Source: Adapted with permission from Couper et al., Chemical Process Equipment—Selection and Design, 3rd ed., 
Butterworth-Heinmann, Oxford, UK, 2012; also see www.red-bag.com/tubesheet-layout.html. 
Table 20.7 Tube Counts for Shell-and-Tube Heat Exchangers—Fixed Tubesheet (Square Pitch) 


Shell Diameter, D, (in) P pass 2-pass 4-pass 6-pass 8-pass 
D,-p(in=%-1 11% Y%1 11% yA 11% yA 11% %1 11% 
8 33 17 26 12 
10 53 33 48 26 48 24 
12 85 45 78 40 72 40 
13% 101 65 94 56 88 48 54 
15% 139 83 126 76 126 74 78 44 — — 
17% 183 111 172 106 142 84 116 66 94 — 
19% 235 139 222 136 192 110 158 88 132 74 
21% 287 179 280 172 242 142 212 116 174 94 
23⁄4 355 215 346 218 308 188 266 154 228 128 
25 419 255 408 248 366 214 324 184 286 150 
27 495 303 486 298 440 260 394 226 352 192 
29 587 359 560 348 510 310 460 268 414 230 
31 665 413 644 402 590 360 536 318 490 280 
33 765 477 746 460 688 414 634 368 576 334 
35 865 545 840 522 778 476 724 430 662 388 
37 965 595 946 584 880 534 818 484 760 438 


Source: Adapted from Couper et al., Chemical Process Equipment—Selection and Design, 3rd ed., Butterworth-Heinmann, 
Oxford, UK, 2012; also see http://www.red-bag.com/tubesheet-layout.html [24]. 

With the shell diameter from Step 10 and the information in Step 8, calculate the shell-side heat transfer coefficient using 
Equation (20.43). 

Combine the heat transfer coefficients and fouling and tube metal resistance to give the overall outside heat transfer coefficient, 
U,, Equation (20.23). 

Determine the total heat transfer area required, Ao, new = Q/(U AT mF y-2y) and compare with the total area assumed from A, =z 
DoLtubeN tubes: 

Determine the tube-side and shell-side pressure drops. If either of the pressure drops exceeds the maximum allowable values, 
adjust the shell/tube configuration to accommodate. Recommended actions include the following: 

Tube side: Reduce the tube-side velocity by increasing the number of tubes. 

Note that AP pube © (1/N mbes). 

Shell side: Increase the baffle spacing or tube pitch. 

Note that AP neg © (1/Lp)°. 

If pressure drop is too low, consider increasing the number of tube passes (for increasing AP mbe) or decreasing the baffle 
spacing (for increasing AP,j,.7). These actions increase the overall heat transfer coefficient, which reduces heat transfer area and 
the cost of the heat exchanger. 

Adjust the number of tubes based on the new estimated area and tube-side pressure drop and, if needed, adjust the baffle spacing 
based on shell-side pressure drop. Iterate from Step 8 until the solution converges—namely, A, ney in Step 13 is between A, and 
1.2 Ao. 

Example 20.15 (Modified from Kern [15], Example 7.3) 

Determine a preliminary rating for a heat exchanger with the following service: 

19,900 kg/h of kerosene leaves a distillation column at 200°C and will be cooled to 93°C by 67,880 kg/h of crude oil from 
storage that is to be heated from 38°C to 76°C. A maximum pressure drop of 70 kPa is permissible for both streams. A scale 
factor (Ry of 0.000053 m?K/W should be used for this service, which is mainly caused by the crude oil. Based on previous 


experience, l-in diameter, 16 ft long, 12 BWG tubes should be used (these may be changed if needed), and the crude oil should 
flow inside the tubes. 

Solution 

The steps in the design algorithm are as follows. 

Energy balance (using average C, values): 

Kerosene (shell side): (19,900)(2486)(200 — 93) = 5.29 x 10° MJ/h 

Crude oil (tube side): (67,880)(2052)(76 — 38) = 5.29 x 10° MJ/h 


Q = 5.29 x 10° MJ/h = 1.4694MW 


Choice of shell-and tube-side fluids: 
Set crude in tubes and kerosene in shell since crude is more fouling than kerosene. 
Tube side—crude oil: 


Miube = 67, 880kg/h 
tin = 38°C and tout = 76°C 
Shell side—kerosene: 
Meshell = 19,900 kg/h 
Tin = 200°C and Tout = 93°C 
Fluid properties: 
Crude oil (properties at Tpulk, ave = (38 + 76)/2 = 57°C): 
p = 855kg/m°* 
u = 0.003595kg/m/s 
k = 0.1332W/m/K 
Cp = 20523 /kg/K 
Pr = cp H/k = 55.4 


Kerosene (properties at Tpurk, ave = (200 + 93)/2 = 146.5°C): 


p = 815kg/m° 
u = 0.000401kg/m/s 
k = 0.1324 W/m/K 
Cp = 2486 J/kg/K 
Pr=c¢,j/k = 7.53 


Set maximum pressure drops: 
APrute, max — 70kPa and A Psheit, max — 70kPa 
Determine the number of shell (Nsreis) and tube passes (Npp): 


(2N), LMTD, andFy_2n 


_ (tat) _ (76-38) _ 
~ (Ti-t:) ~ (200-38) 0.2346 
_ (T%1-T,) _ (200-93) 


R= Gan = ma = 2-8158 


P 


From Equation (20.16), 


In| 1-PR in| 1—(0.2346) (2.8158) í i 
1-P 150.2346 In(0.4434 

Nshells = atl a ee 0.7855 
a 2.8158 


UseN shells = landNip =2 Nshells =2 


The 7-Q diagram for this exchanger is shown in Figure E20.15. 
200°C 


i" 


AT, = 124°C 
ast 93°C 
76°C AT, = 55°C 
ae 


Figure E20.15 7-O Diagram for Crude Oil Heat Exchanger 


AT, — AT, 124-55 


LMTD = a Tn (BAY = 84.88°C 
1 
In ( 2E) n ( 55 ) 
Use Equation (20.13) to determine F4-3: 
(+) m|] 

Fi.» = 

(R-1) 2-P(R 1- (r? 1)) 

In | ———— 

2-P(R 1+ (r? 1)) 

= (2.8158)°+1 In feo nanos | — 0.8935 


(2.8158—1) e 2—0. 2346 (2. 8158-+1— (2. (2.815821) | 
In 


2—0.2346 (2 8158+1+ (2. 8158241) ) 


Choose shell-and-tube arrangement: 

Tube length: Lube = 16 ft = (16)(0.3048) = 4.877 m 

Baffle cut: BC = 25% of shell diameter, D, 

Baffle spacing: L, = 0.20D, 

Tube diameter: D, = l-in = 0.0254 m 

Tube thickness: Ax,,,7; for 12 BWG (from Table 20.4), tube thickness (Axa) = 0.109 in = 0.002769 m 


D; = Do — 2ALwan = 0.0254 — 2 (0.002769) = 0.01986m 


Tube arrangement (square or triangular) and pitch, p: Use a square arrangement to allow for cleaning on the outside of the tubes 
and a pitch of 1.25 in 

Choose a tube-side velocity and determine number of tubes and tube-side heat transfer coefficient, h;: 

u; = 2 m/s. A relatively high velocity is chosen, as the crude is quite viscous and turbulent flow is desired. This can be modified 
later if the AP on the tube side is too high. 

A mass balance gives 


t n2 i 
Ntube/ pass IP i UiPerude ~ Merude 
Anerude 4(67880/3600) 
1D? ti Porude m(0.01986)? (2) (855) 
Niubes = Nip Ntube/pass = (2) (36) = 72 


=> Ntube/pass = = 35.6so use 36 


Actual velocity in tubes: 


Atiterude 4(67880/3600 
taj = ere _ ACTER) __ = 1.97 7m/s 
TD; Nube/pass Perude (0.01986)* (36) (855) 


Dju;p _ (0.01986) (1.977)(855) 


Recrude = = (0.003595) = 9338 
From Equation (20.26), 
D, D,\*" 0.14 
Nu = #2: -0.023 |1 + ( 2 Reo8prl/3 ( 
k L Hw 


Determine the wall viscosity at an average wall temperature = (146.5 + 57)/2 = 102°C my crude = 0.000899 kg/m/s: 


as 01286 0.8 1/3 (0.003595 \ __ 
Nu = 0.023 [1 + (928) ] 9338855.41/3 (PWET) — 163.1 


hi = Nu& = (163.1) 24322. = 1094W/m?/K 


0.01986 


k oa 
D; 


Determine shell diameter: 

For l-in tubes in a square arrangement with p = 1.25 in, Table 20.7 indicates that a 15'⁄4-in shell diameter will accommodate 76 
tubes in a two-pass arrangement. 

Determine shell-side heat transfer coefficient, A: 

Diameter of shell: D, = 15.25 in = 0.3874 m 

Baffle spacing: L, = 0.2D, = (0.2)(0.3874) = 0.07747 m 

From Equation (20.37), determine the hydraulic diameter of the shell, Dys: 


1.273p? — Dj (1.273) (1.25)” — (1)? 


= = = 0.9891in = 0.02512 
Hs D, T in m 


From Equation (20.41), determine the flow area on the shell side: 


1.25 — 1 
A, = D, L, — = (0.3874) (0.07747) (25-1) L 0.00600m 
(1.25) 
Shellside velocity: 
j 19, 900/3600 
pp ER a C 1.130m/s 
pA, (815) (0.00600) 
Shellside Reynolds number: 
D 815) (1.13) (0.02512 
pep = tee _ 815) (L13) (0.02512) syo 
H (0.000401) 
From Equation (20.43), 
h,D s 0.14 
Nu = As jn RePr! (+) 
kg Hw 
with 


jn = 1.249(BC) °?? Re~°-4 = (1.249) (25) °°?9 (57,703) °4”? = 0.002505 


The value of m,, corresponding to a wall temperature of 102°C is 0.00055 kg/m/s. 


yo" = 271.0 


0.14 
Nu = j,RePr’? (x) = (0.002505) (57, 703) (7.53)"/° (pam 


(0.1324) 


— ky 
t= Min (271.0) Cassy (0.02512) 


= 1428W /m?° /K 


Combine heat transfer resistance to give U,: 
From Equation (20.23), assume the exchanger will be made of carbon steel; from Table 20.3, ky = 45.8 W/m/K (@102°C), and 
from the problem statement, Ry = 0.000053 m?K/W 


0+ (0.0254) In(0.0254/0.01986) (0.0254) 
Es Tas (2)(45.8) (0.01986) 


U, = 498.7W /m? /K 


Us = 


(0.000053) + 


(0.0254) 34 72 
(0.01986) aos | 


Determine the total heat transfer area required: 


Q 7 (1.4694) x 10° 


N= 838. 9? 
Up ATim Fi (498.7) (84.88) (0.8935) = 


A, = 


Determine the tube-side and shell-side pressure drops: 
Tube-side AP: 
From Equation (20.77), the tube-side pressure loss is given by 


tp L tube 


—AP? tubes = pp +2 (Nip = | pu; 


where Np = 2, u; = 1.977 m/s, and fis found from the Pavlov equation (Equation [19.16]), 


Lane | Le, (88! = 
Jf. [37D \ Re 


1 l e 6.81 1 1.5x107§ 6.81 \9-9] _ 
d = ~Alog [sy + (Se) | = to [2 a + (sess) | = 12-270 
f = 0.007872 
(2) (4.8768) 
APs = 2 (0.007872) CUT + 2(2- 1)| (855) (1.977)? = 32.5kPa 


This is less than the maximum allowable value of 70 kPa. 
Shellside AP: 
The shell-side AP is obtained from Equation (20.44): 


43¢G2D, (Ng +1 =0.14 
Arp je] 
Hw 


2pD4,s 
For Re > 300, 


js = 5.46(BC) °° Re~-189 = (5.46) (25) 67 (57, 703) °18° = 0.07854 
(Ng +1) = Leute / La = (4.877) / (0.07747) = 62.95 = 63 


tng (19,900) 
C= ‘A, (3600)(0.0060) 921.3 


4(0.07854) (921.3) (15.25) (0.0254) (63) 0.00040 —0.14 


2(815) (0.02512) 0.00055 = 166.0kPa 


—~AP; = 


This is greater than the maximum allowable value of 70 kPa. 

Adjust the number of tubes based on the new estimated area and tube-side pressure drop and, if needed, adjust the baffle spacing 
based on shell-side pressure drop. Iterate from Step 9 until converged. 

Number of tubes: 


Ao = Nubes nDo Ltube 
A (38.9) 


. = ——2 = = a 
. Niubes = nDo Lube (0.0254) (4.8768) 0 


Because the number of tubes has increased, if the 1—2 configuration is kept, then AP ube and h; will both decrease and a solution 


will not be found. Change the configuration to 1-4. 
Shellside pressure drop: 


Using an Ly = 0.2D,, the value of APsn27 Was 166.0 kPa, which is greater than the maximum allowable value of 70 kPa. 
Therefore, adjust L, by a factor = (166.0/70)!/3 = 1.33 so that L; = (1.33)(0.2D,) = 0.266D,, and round up to give Ly = 0.3D,. 
Iterate from Step 9 with Nubes = 104 (corresponding to 19.25 in shell diameter from Table 20.7) and L, = 0.3D,. 


The results for the next and subsequent iterations are given in Table E20.15. 
Table E20.15 Results for Worked Example 20.15 


Step in 
Design Iteration 1 Iteration 2 
Algorithm 
Nubes = 104 
Nubes =76 mba 
K=p (4 passes) 
a Lp =0.3D, 
9 h; = 1094 W/m?/K hy = 1419 W/m?/K 
10 D, = 15.25 in D, = 19.25 in 
11 h, = ho = 1435 W/m2/K h; = ho = 904 W/m?/K 
12 U, = 499.5 W/m?/K U, = 466.6 W/m?/K 
B Ao = 38.8 m? Ao = 41.56 m? 
Requires 100 tubes Requires 107 tubes 
i4 AP ube = 32.5 kPa AP ube = 129.3 kPa* 
AP shell = 165.9 kPa* AP Shell = 23.3 kPa 
AP ube > 70 kPa 
Increase number of tubes 
by (129.3/70)? = 
Adjust Mupes = 104 (Table 20.7 with D, = 19.25 an y ( ) 
15 in), use 4 tube passes, and adjust baffle spacing = | 


“+ Nubes = 142 (Table 
20.7 with D, = 21.25 in) 
Use 4 tube passes with 35 
tubes per pass = 140 tubes 


0.30D, 


“indicates that pressure drop is above limit set in Step 6 


Iteration 3 


Nubes = 140 
(4 passes) 
Lp = 0.3D, 


h; = 1119 W/m?/K 


D, = 21.25 in 


h,= ho = 814 W/m?/K 


U, = 398.8 W/m?/K 


Ao = 48.6 m? 
Requires 125 tubes 


AP ube = 75.5 kPa* 
AP shell = 16.4 kPa 


Area required = 48.6 m? 


Area = 54.5 m? 


Overdesign = 1.121 or 


12.1% 


Note: AP mbe is still a bit 
high and AP,j.7 is low 


Reduce the length of 


tubes to 14 ft and set Lp 


= 0.2D, 


The preliminary design for this equipment gives an exchanger with the following specifications: 


Number of tubes: 142 

Length of tubes: 14 ft 

Tube type: l-in diameter 12 BWG 
Tube arrangement: 1.25-in square pitch 
Shell passes: 1; tube passes = 4 


Iteration 4 


Nubes = 140 
(4 passes) 
Lp = 0.2D, 
Use 14 ft 
tubes 


Requires 
130 tubes 
AP wube = 
68.7 kPa 
AP shell = 
44.2 kPa 
Area 
required = 
43.96 m? 
Area = 
48.35 m? 
Overdesign 
=1.100r 
10% 

AP ube< 70 
kPa 

APsheit < 70 
kPa 
Acceptable 
design 


Shell diameter: 21.25 in 

Baffle cut: 25% of the shell diameter (5.31 in) 

Baffle spacing: 20% of the shell diameter (4.25 in) 

Overdesign: 10% 

20.8 PERFORMANCE PROBLEMS 

The main focus of this chapter has been developing the ideas and relationships that describe the heat transfer process in process 
heat exchangers and then bringing all these ideas together to design a heat exchanger. It has been shown that many, sometimes 
complex, relationships must be considered in order to design a heat exchanger successfully. However, once the heat exchanger 
has been designed, built, and installed into a process, further analysis of the heat exchanger is still necessary. As any process 
engineer will attest, a heat exchanger (or any other piece of process equipment) will hardly ever (never) run under the exact 
conditions for which it was designed. This does not mean that the design algorithm or any of the calculations were incorrect but 
rather that the heat exchanger is now part of a complex chemical process with the main objective to make profitable chemicals 
from less-expensive feed stocks. Therefore, in the day-to-day operations of the plant, things will change almost continuously, 
and the heat exchanger will have to operate over a spectrum of conditions in order for the process to produce the desired amount 
of product chemicals. 

An example of off-design conditions will occur when there is high market demand for the chemical(s) produced from a process. 
Under these conditions, the process may have to be run to maximize the products (and profits) from the plant. Thus, the process 
might be pushed to 110% or 120% of its design capacity. Obviously, every heat exchanger in the plant will be operating quite 
far from its design conditions. The opposite might occur when there is weak market demand. The question addressed in this 
section is, for a given existing heat exchanger, how is the performance of that heat exchanger predicted? 

20.8.1 What Variables to Specify in Performance Problems 

When determining the performance of an existing heat exchanger, the same equations that were used in the design must be 
solved, specifically, the enthalpy balances for both streams and the design equation Q = UAAT),F. However, unlike in the 
design calculation, the conditions of the streams leaving the exchanger are usually unknown, but the conditions entering are 
known. In addition, the size (heat transfer area) is known and fixed. For example, consider the exchanger designed in Section 
20.7.2. This exchanger was built as specified and has been operating in the plant. The current operating conditions are 


Tube Side: Crude Oilthiube = 67, 880 kg/h,ti, = 38°C andto = 77.8°C 
Tube Side: Kerosenerinsne = 19, 900 kg/h,Tjn = 200°C andT,,4 = 88.0°C 


It should be noted that these conditions are not the design conditions because the exchanger was built with approximately 10% 
additional area required to perform the design. Thus, more heat is transferred between the streams, and the crude leaves hotter 
and the kerosene leaves cooler than the design specification, which is to be expected because of the overdesign. 

Now consider the case when the plant is to be scaled up. It is desired that the flows of crude and kerosene be increased by 20%. 
If the temperatures into the exchanger remain the same as in the design case, the exit temperatures of both streams must be 
determined. This problem is illustrated in Figure 20.36. For performance problems (where the equipment has been designed, 
installed, and is operating), the easiest way to determine the new operating conditions is via a ratio analysis, shown in the next 
section. The terms rating and performance are synonymous when considering how existing equipment performs. However, the 
term performance problem is preferred in this text. 


Design Case 


As Built and Operating 


As Built and Operating 


Design Case 


Figure 20.36 7-O Diagram for Performance Problem 

20.8.2 Using Ratios to Determine Heat-Exchanger Performance 

From the problem given in Example 20.15, it is clear that the design of the exchanger is quite involved. Rather than revisit all 
the equations used in this example, a simpler approach is adopted for evaluating the performance problem. As was explained in 
Chapter 19, the idea is to take the ratio of the important equations describing the heat transfer process, that is, the two enthalpy 
balances and the design equation for the new case (subscript 2) and the base case (subscript 1). Thus, 


Q: MaCp2(t2 — tr)» 


SS = — l 20.78 
Qı ucalt: — ti) ( ) 
MC (Tı — T. 
Qz _ MC lTi ~ Ta)o (20.79) 
Qı MıCpı (Tı = To), 
Uz A AT m2 F: 
a a (20.80) 


Qi UA ATm Fi 


If there are changes in phase, the enthalpy balances will have heats of vaporization instead of sensible heats, but the approach is 
similar. The assumption is then made that, for relatively small changes in flows, the physical properties of the fluids remain 
constant and also that the LMTD correction factors remain constant. The validity of these assumptions can be checked later. For 
the problem considered here, the three equations can be rewritten: 


™2 £59 (tout — 38) tout — 38 tout — 38 
Q _ ee tO mm lout — 38) = q Mow — 38) (20.81) 
Qı mZ, (77.8 — 38) 39.8 39.8 
M2 Æ „ (200 — Tout) 200 — Ty, 200 — Toy, 
Q2 _ p = mt ) 19 (200 = Tout) t) (20.82) 


IRA - => A Oo oa 
Qı mL, (200 — 88) 112 112 


(200—toyt )— (Tout —48) 


Q Ux AAT ima K, Ua MOto) Tou] 
Qı ~~ U. AT, ~ U; (200—77.8)—(88—38) 
Ay ima Z In{(200—77.8)/(88—38)] (20.83) 


(238—tout—Tout) 
— Uz Im[(200—tout)/(Tout—38)] 
aa Q ~ Uy 80.79 


In Equations (20.81), (20.82), and (20.83), the ratios of the crude oil and kerosene flowrates for cases 1 and 2 are given as m and 
M, respectively. For the case of 20% scale-up, these ratios are 1.2 each. The ratio of the heat transferred is designated as Q, but 
it should be noted that Q is not 1.2 and must be determined. 


In Equation (20.83), the ratio of the overall heat transfer coefficients must be determined. For the base case, from the last 
iteration in Table E20.15, h, 1009 W/m?/K, h; 1121 W/m7/ K, and 


1 (0.0254) In (0.0254/0.01986) (0.0254) (0.0254) 1 17 
U2 =|\— +04 (0000059) 
ho (2) (45.8) (0.01986) (0.01986) h; 
(20.84) 
1.2789] + 


i 
U, = los +1.36 x 1074 + = 441W /m?/K (20.85) 


1009 1121 


In Equation (20.84), the inside (tube) and outside (shell) heat transfer coefficients are dependent on the flows of the tube-and 
shell-side fluids. From Equations (20.27) and (20.36) for turbulent flow in the tubes and the shell, the heat transfer coefficients 
are related to the mass flow of fluids through the Reynolds number as follows: 


hiube x Re? andhsrey x Re?® 


It should be noted that in Kern’s method, the exponent on the Reynolds number is a little below 0.6, but this difference is small, 
and 0.6 can be used for shell-side flow. Using these relationships and noting that for constant physical properties Re is 
proportional to the mass flowrate, Equation (20.84) may be rewritten for the new case as 


-1 
= 1 —4 , 1.2789 
Uz= oon apes Ase e] 


(20.86) 


-1 
U = 1 + 1.36 x 1074 + ait | = 497.4 


| (1009)(1.2)°° 1121(1.2)°° 
Substituting Equations (20.85) and (20.86) in (20.83) gives 


_ 497.4 (238 i tout = Tout) 


~ Q 7 441 In[(200—tout) / (Tout —38)] 
80.79 


(20.87) 


Equations (20.81), (20.82), and (20.87) may now be solved simultaneously to give 
tout = 76.64°C, Tout = 91.26°C, Q = 1.165 


Thus, the crude temperature decreases from 77.8°C to 76.4°C, and the kerosene temperature increases from 88°C to 91.3°C. 
Clearly, the average fluid properties would not change significantly for these temperature changes; similarly, the value of the 
LMTD correction factor hardly changes from 0.894 to 0.885, a change of ~1%. It should also be noted that the amount of heat 
transferred between the streams increases by only 16.5%, because the heat transfer coefficients are not linearly dependent on the 
mass flow rates. 

Table 20.8 gives the dependence of individual heat transfer coefficients on the mass flow rate (effectively the Reynolds number, 
Re). Also shown in Table 20.8 are the relationships to be used when phase changes are considered. For phase changes, the mass 
flow rates do not affect the heat transfer coefficients, but the AT between the wall and fluid may be important. 

Table 20.8 Changes in / as a Function of Re and AT 

Flow Regime Tube Side, h; Shell Side, h, Flow in Annulus*, h, 

Turbulent ce Re? or ccm? 8ccRe® or ccm = oc Re®8 or cm? 

Laminar ocRe!3 or cm! ccRe®45 or ccm?-45 oc Re45 
Phase Change 


or o< 9-45 


<(Tw-Teat)’ pool boiling 

«(Ty T, ae convective boiling 

<(Ty-T at) ^ film boiling 

Condensation (Ta T% "4 

*Useful in analyzing double-pipe heat exchangers. 

20.8.3 Worked Examples for Performance Problems 

To reinforce the concepts introduced in the preceding section, some worked examples are provided. 

Example 20.16 

An S-T exchanger is designed to exchange heat between two process streams. The 7-Q diagram is shown in Figure E20.16. The 
inside and outside heat transfer coefficients are equal (h; = ho = 1000 W/m7/K). If the shell-side fluid flow rate is increased by 


Boiling 


25% and the tube-side flow and the temperatures of both streams entering the heat exchanger remain unchanged, calculate 
Design Case (Case 1) New Case (Case 2) 


ner we 
, 


80°C 


out,2 


70°C ‘ 
‘out,2 


40°C 40°C 


Figure E20.16 T-Q Diagrams for the Design and New Cases 

The outlet temperatures of both streams assuming that the service is nonfouling and that the tube wall is thin and offers 
negligible heat transfer resistance. 

The outlet temperatures of both streams assuming that the service is nonfouling and the tubes are 1-in, 14-BWG and made of 
copper. 

Solution 

For the design case (Case 1), 


=j 
D, n( g |B.) D Ø =f 
Z 1 2 r o o 1 — 1 1 
Voa = |E tHE pot — ai tA pot Z r| Er conn | 
U» = 500W /m?/K 
(E20.16a) 
200 — 70) — (80 — 40 
AT ini = ee ee 76.36°C (E20.16b) 


(200—70) 
In | (80—40) | 


The ratio form of the energy balance and design equations are 


Q z M Z p (Tin—Tout)a E (200—Tout,2) 2 (200—Tout,2) 
on = MP „Tn Tra), = Q = M -oso = 1.25— ao (E20.16c) 
Q2 _ M2 Z p2 (tout E tin )> me Q a (tout,2 = 40) _ ( ) (tout,2 = 40) (E20 16d) 
Qi ti £1 (tout — tin) ~~ (70-40) 30 
Qə Us Á o2 ATim2 » Uz, ATim,2 (E20.16e) 
SS Á SS SS s e 
Qı UA o1 AT ni FG Uı ATim,1 
where 
200 — t — (T, — 40 
ATim,2 = (200 — tout,2) — (Tout,2 — 40) (E20.16f) 


(200—tout,2)— (Tout,2 —40) 
be 


and using the relationships from Table 20.8, 


—1 E 
o 1 1 = 1 i 
Uo2 = | ooh + aoe | Fo. k Tr] (E20.16g) 
Uo = 533.4W/m? /K 


Substituting Equations (E20.16f) and (E20.16g) into (E20.16e) gives 


(200—tou,2 )—(Tout,2 —40) 


l (200-touz,2) 
— D2 AT ino saa “eer | 


A N (E20.16h) 
Ui ATim,1 500 76.36 
Solving Equations (E20.16c), (E20.16d), and (E20.16h) simultaneously gives 
Tout, 2 = 90.0°C, tout,2 = 74.4°C, Q = 1.146 
D; = 0.02118 m, D, = 0.0254, kw = Keopper = 380 W/m/K 
For the design case (Case 1), 
D, In(D,/D; : -1 
Uo, = [+ + Ryo + core + A Rfo + aa 
_ 1 (0.0254) In(0.0254/0.02118) (0.0254) 4 72 
o,l Feo (2)(380) (0.02118) aay | 
Uo. = 453.5W/m? /K (E20.16i) 
ATim,1 = 76.36°C (E20.16j) 
The ratio form of the energy balance and design equations are 
Ma £ (Tin — Tout) 200 — Ton 
A = 1.95. (200 = Towa) (E20.16k) 
Qı ML a (Tin — Tout )ı 120 
m Z (tout = tin) t u — 40 
Oa T ET g EN (E20.161) 
Qi img p (tout — tin) 30 
Q? UzATm,2 
Q = — = —— E20.16m 
Q1 UATmı ( ) 
where 
200 — tout.2) — (Tout,2 — 40 
AT im,2 = (200 ~ tout,2) — (Tout,2 — 40) (E20.17n) 
ln ee 
(Tout,2 —40) 
_ 1 Doin(D./Di) | Do 1d) 
Uo,2 = | ooh T 2kw + Di aa | 
B 1 (0.0254) In(0.0254/0.02118) (0.0254) 1 = (E20.160) 
o2 ~~ | (,000)(1.25)"® (2)(380) (0.02118) (1,000)(1)°* 


Uo.2 = 480.8W /m?/K 


Substituting Equations (E20.161), (E20.16j), (E20.16n), and (E20.160) into (E20.16m) and solving (E20.16k), (E20.161), and 
(E20.16m) gives 


Tout.2 = 90.3°C, tout = 74.3°C,Q = 1.143 


These results are virtually the same as for Part (a), which is not surprising, since the resistance due to the conduction through the 
wall can often be neglected. 

Example 20.17 

A hot, viscous process stream is cooled using cooling water (cw). The exchanger is a double-pipe design in which the cooling 
water flows in the annulus and the viscous process fluid flows in the inner pipe. The 7-Q diagram for the exchanger at design 
conditions is shown in Figure E20.17 along with an image of a double-pipe exchanger. At design conditions, the cw is in the 
turbulent regime, but the process fluid is in the laminar flow regime. The process is to be scaled down such that the process flow 
is reduced to 72% of its current value, but the inlet temperature is maintained at 95°C. It is desired to keep the exit temperature 
of the process at the current value of 55°C by reducing the cooling water flow rate. However, the maximum temperature of the 
cooling water is set at 45°C because, if it gets hotter than this value, then excessive scaling of the heat exchanger will result. 


95°C 


55C 
40°C 


30°C 


(b) 
Figure E20.17 T-Q Diagram for Design Case and Photo of a Double-pipe Heat Exchanger (Courtesy of Protherm Systems [Pty] 


Ltd., www.protherm.co.za/product/protherm-shell-tube-heat-exchangers) 
Data: 

h; = 125 W/m?/K 

ho = 3500 W/m?/K 

R, = 1.76 x 10 m7/K/W, R; = 0 

Inner tube = 0.75-in, 16-BWG copper (D; ; = 0.01576 m D; , = 0.01905 m) 
Outer tube = 1.25-in, 16-BWG copper (D,,; = 0.02845 m D, , = 0.03175) 
K copper = kw = 380 W/m/K 

Can this operation be accomplished? Determine the cw flow rate and exit temperature of cw. 


If the desired reduction in process flow rate cannot be achieved, determine the minimum process flow rate and the cw flow rate 
to accomplish this. 

Solution 

For the design (base case or Case 1) condition, 


Uo = [E + Ryo + + i Ryo + BE) 
7 1 _4 , (0.01905) In(0.01905/0.01576) (0.01905) 4 ]~! 
z k ) = (2)(380) (0.01576) as 


lho +181 x 10™ + (1.2088) zi | 


U,ı = 98.65W /m? /K (E20.17a) 
and 


(95 — 40) — (55 — 30) 


(95—40) 
mi | (65—30) | 


ATim = = 38.05°C (E20.17b) 


For the scaled down case (Case 2), the unknowns are the new cooling water flowrate, 72, and the cooling water outlet 
temperature, t2. Using the relationships in Table 20.8, the value of U2 is given by 


-1 
Us2 = | +; + 1.81 x 10 * + (1.2088) ——; 
500) (2) (2) 

: a i = (E20.17c) 


—1 
— ES S —2 
Ug = har + 1.0970 x 10 


The energy balance and design equations (noting that for a double-pipe heat exchanger the flow is pure countercurrent and F = 


1) are 
Tz L 59 (tout — tin) tout — 30 tout — 40 
Qe _ oe ae 9 m&s — 30) = mtos — 40) (E20.17d) 
M2 Æ (Tin — Tout) 95 — 55 
Q2 > anat a iO = Pecas) = 0.72 (E20.17e) 
Qı MZ a (T; = Toui )i (95 n 55) 
Q2 Uo2 Ao. ATim2 F, U2 ATim,2 
S ey eta A a ck re pad (E20.17f) 
Qi UA, ATima F, VAT 
where 
95 — tout.2) — (55 — 30 70 — toy 
ATim,2 = (95 — tout2) — (55 — 30) = (70 — tout,2) (E20.17g) 
In (95—tout,2) In (95—tout,2) 
| (55-30) (25) 


Substituting Equations (E20.17a), (E20.17b), (E20.17c), and (E20.17g) into (E20.17f) and solving Equations (E20.17d), 
(E20.17e), and (E20.17f) simultaneously gives 


m = 0.28400rm, = 0.2847 andtout, 2 = 55.4°C 


This solution is not practical, since reducing the cooling water flow to 28.4% of the design case increases the exit temperature to 
well above 45°C, and excessive fouling of the exchanger would result. This fouling is due to the reverse solubility of many of 
the salts found in water, which start to precipitate out at temperatures greater than 45°C. 
The unknown variables now become the process flowrate and the cooling water flowrate (i.e., m and M). In addition, the exit 
temperature of the cooling water is set to 45°C, which is the maximum allowable temperature. 
The ratio form of the energy balance and design equations are 

Qe B m2 Zp (tout in )o 

1 


-t (45 — 30) 
Qı my Z p (tout = tin) 


a Se BC E20.17h 
(40 — 30) “ ( ) 


=m 


Qo Maf palT —Tot)2 (95 = 55) 


— = ———— > Q = M = (E20.17i) 
Qı MZ a (Tin E vati (95 B 55) 
q- VaT Aa (E20.17j) 
Q, Uys AATni Fi UAT ma 
where 
95 — 45) — (55 — 30 
ATim,2 = ean = 36.07°C (E20.17k) 
i o] 
and 
-1 
Uo2 = — +1.81 x 1074 + (1.2088) — 
ma Mp 
(3500) (= ) (125) (=) (E20.171) 
-1 
E 1 —4 1 
Uo 2 = (3,500) mos +1.81 x 107* + (1.2088) all 


Substituting Equations (E20.17k) and (E20.171) into (E20.17)) and solving (E20.17h), (E20.171), and (E20.17j) simultaneously 
gives 

M = 0.9065, m = 0.6043, O= 0.9064 

Thus, the maximum scale-down is a little less than 10%, and the cw flowrate must be reduced to 60.43% of the design value. 
It is important to note the implications of this result on the control and flexibility of operation for this process. If scale-down 
below 10% is required, then the only feasible way to achieve this is for the process temperature to drop below 55°C. This may 
not be a problem, but if, for example, the viscosity of the process fluid became too large at temperatures less than 55°C, then 
this design would need to be changed. 

Example 20.18 

A reboiler for a column is supplied with saturated steam (in shell) at a temperature of 145°C and reboils the bottom product (in 
tubes) that leaves the column at 122°C. It is desired to increase the boil-up rate by 15% from the design case. How can this 
change be accomplished? 

Solution 

The 7-Q diagram for the current operation of the reboiler is shown in Figure E20.18. 


145°C 
AT, = 23°C 


122°C 


Figure E20.18 T-Q Diagram for Current Operation 
In looking at the relevant relationships, Equations (20.78), (20.79), and (20.80), and noting that the heats of vaporization will 
not change, that the area of the exchanger is constant, and the LM7D correction factor, F = 1: 


Q2 n M2 X a 


= =M (E20.18a) 
Qa MiXsa 


mə 
Tr E R (E20.18b) 
Qi im P 


Qi U2A AT m2 ay mAT — UAT 


O Qi UG ATmi F, VAT, U (23) 


From Table 20.8, it can be seen that neither the condensing-nor the boiling-side coefficients are a function of flowrate. Thus, 


(E20.18c) 


ignoring the effects of the changing wall temperature, U2/U, = 1. This reduces Equation (E20.18c) to 


9 - a2 ZAR _ AD T 


Qı Wf, (23) (23) 


It must be concluded that the only way to increase the boil-up rate by 15% (i.e., Q2/Q1 = 1.15) is to increase AT; to (1.15)(23) = 
26.45°C. This would most likely be done by increasing the steam temperature (and pressure) to 148.45°C. Alternatively, the 
column pressure could be lowered to bring the temperature of the boiling process liquid in the reboiler down to (122 — 3.45) = 
118.55°C. However, that would involve decreasing the pressure at which the column operates, which might not be possible or 
desirable. 

This solution is not quite correct, since the temperature driving forces for boiling and condensation will change slightly, that is, 
the wall temperature will change. In order to find the change in the wall temperature, the relative magnitudes of the condensing 
and boiling heat transfer coefficients must be known. This problem is considered in the next example. 

Example 20.19 

Revisiting Example 20.18, by how much should the steam temperature be increased in order to achieve the 15% increase in 
boil-up rate for the case when the process-and steam-side heat transfer coefficients are approximately equal? 

Assume that this is a nonfouling service, the conduction resistance of the tube wall may be assumed negligible, and D; = Do. In 
addition, the process fluid may be assumed to be in the convective boiling regime. 

Solution 

For the original design case, Equation (20.23), reduces to 


—l 
1 D,In(D,/Di) D, By 1 i~ 
mis | ee Pe | S 

a | ET e T OT Roa | Pia 
and 
ho =hyy=h 
Writing an energy balance across the inside and outside films gives 

Koy (145 — Toa) = Kir (Twa — 122) > Ty = 133.5°C (E20.19a) 
For the new case (15% scale-up), the energy balance becomes 
hoe (Tsteam,?2 = Tw,2) = hi (Tw,2 — 122) (E20.19b) 


The design relationship for this case is 


_ Q2 _ U2 A, ATim2 F 5 _ U» AT» _ U» AT» _ Uz (Tsteam,2 — 122) — 1.15 
Qı Ur AAT ina F UAT; U1 (23) Ui (23) i 


(E20.19c) 


and from Table 20.8, Uz can be written in terms of the temperature driving forces as 


-1 
1 1 1 1 
en eee ee | er 
ho hi2 h Tsteam,2—Tw,2 =a ; Tu,2-Tprocess,2 2 
i Tsteam,1—Tw,1 Me Tw,1—Tprocess,1 
—1 
1 1 
U= |- an t T (E20.19d) 
h Tsteam,2—Tw,2 h Tw,2 122 
145—133.5 133.5—122 
—1 
U = h | ——__. + —— andU; = 4 


—1/4 2 
Tsteam,2 —Tw2 / Ty,2 -122 
11.5 11.5 


Substituting the relationships for o 2 and h; 2 from Table 20.8 in Equation (E20.19b) gives 


(Tsteam,2—Tw,2) “1a (Tw,2—122) 2 
Kos a | (Tsteam,2 = Tw,2) = Kii | (Tw,2 = 122) (E20.1 
(Tsteam,2 — Ty,2)°/* = (0.004106) (Tu 2 — 122)? 


Substituting Equation (E20.19d) into (E20.19c) and solving the resulting equation simultaneously with Equation (E20.19e) 
gives the two unknowns, Tsteam, 2 and Ty, 9: 


Tsteam,2 = 147.9°C, Tp, 2 = 134.0°C 


Note that the answer differs only a small amount from that obtained in Example 20.18 where Tsteam, 2 = 148.45°C. 

It should be noted that in Example 20.19, an additional relationship was used, namely, a flux balance across the wall given by 
Equations (E20.19a) and (E20.19b), in order to determine the unknown wall temperature T„. The final example in this section 
considers a situation where the heat transfer coefficients and exchanger area are unknown, but one heat transfer coefficient is 
known to be limiting. 

Example 20.20 

A condenser is used to condense saturated steam to saturated liquid at 150°C (shell) using a process stream entering at 30°C and 
exiting at 50°C (tubes). Assume that the condensation resistance is negligible compared to that of the process stream. The 
condensation throughput must be decreased by 50%. By what factor must the flowrate of the process stream be reduced? 

The T-Ọ diagram for this problem is shown in Figure E20.20. 


T 
150°C 
trout 
50°C 
30°C 
Q 
Figure E20.20 T-Q Diagram for Design Case and New Case 
Solution 


In this problem, the area and heat transfer coefficients are not known; nevertheless, there is sufficient information to solve the 
problem. 
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ee U; =A 
150 — 30 150 — 50 
ATim,1 = Se = 109.7°C (E20.20e) 
l [aa] 
150 — 30) — (150 — T, t — 30 
ATim,1 — (150 — 30) — (150 ~ Tout,2) = eS (E20.20f) 
In | -250=80_ in| 222 
150—tout,2 150—tout,2 
Substituting Equations (E20.20d), (E20.20e), and (E20.20f) into Equation (E20.20c) gives 
Uz ATim o8 t — 30 
o a L A (E20.20g) 


Qı UrATmı 109.7 in| 120 | 
150—tout,2 


Solving Equations (E20.20a), (E20.20b), and (E20.20g) simultaneously gives tour, 2 = 53.3°C, m = 0.4291 or reduce the process 
stream to 42.91% of design flowrate. 

WHAT YOU SHOULD HAVE LEARNED 

The meaning of LMTD (AT m) and the ability to calculate it along with the LMTD correction factor (Fy-2x) for the common 
heat-exchanger types 

How to calculate the individual heat transfer coefficients for any type of flow inside tubes (A;) or on the shell side (ho) of a heat 
exchanger 

When to use fins to improve the heat transfer coefficient and how to calculate the fin effectiveness (efn) 

How to compute the overall heat transfer coefficient (U) and apply the design procedure to obtain a preliminary design of a heat 
exchanger, including the number of tubes and shell diameter and other details of the design such as tube pitch (p), baffle spacing 
(Lp) and baffle cut (BC), number of shell (V,,-77) and tube passes (Nube), and tube length (Lube) 

Given a heat-exchanger design, how to determine the performance of the exchanger given a change in tube-side or shell-side 
conditions using the concept of ratios 
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APPENDIX 20.A HEAT-EXCHANGER EFFECTIVENESS CHARTS 
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Figure A.1 LMTD Correction Factors for 1—2 Shell-and-Tube Heat Exchanger 
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Figure A.2 LMTD Correction Factors for 2—4 Shell-and-Tube Heat Exchanger 
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Figure A.3 LMTD Correction Factors for 3—6 Shell-and-Tube Heat Exchanger 
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Figure A.4 LMTD Correction Factors for 4—8 Shell-and-Tube Heat Exchanger 


1.0 e SS 
\ 
a9 roe TTL 
e 
u$ 
g 08 
ri 
c 
9 
v 
2 07 
re) 
W 
e 
= 
onl 


0.0 0.2 0.4 0.6 0.8 1.0 
P = (tz = t,)/(T, = tı) 
Figure A.5 LMTD Correction Factors for 5—10 Shell-and-Tube Heat Exchanger 
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Figure A.6 LMTD Correction Factors for 6—12 Shell-and-Tube Heat Exchanger 
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Figure A.7 LMTD Correction Factors for a 1-1 Cross-Flow Heat Exchanger with Both Fluids Unmixed (Use This for Air 


Coolers with a Single Tube Pass) 
For LMTD correction factors for other configurations, see CheCalc’s LMTD Correction Factor Charts at 


http://checalc.com/solved/LMTD_Chart.html. 


APPENDIX 20.B DERIVATION OF FIN EFFECTIVENESS FOR A RECTANGULAR FIN 
Rectangular Fin with Constant Thickness 
The heat transfer process occurring in the fin consists of conduction through the fin and convectional loss from the side of the 


fin. The geometry and notation used in this derivation are shown in Figure B.1. A differential flux balance on a slice through the 
fin yields 


Wall temperature =Tp 


Lif 


L Conduction 


Convective heat transfer 
to fluid at Tuia 


/ 


| Dx Í 


+i t- 


Fin temperature =T, 


Figure B.1 Energy Balance on a Section of Rectangular Fin 
dWa|, = Walo Az + 2WAzh (Te — Tfhuia) (B.20.1) 


where W is the width of the fin, d is the fin thickness, A is the heat transfer coefficient between the fin and the surrounding fluid, 
and Ty,,;q is the temperature of the surrounding fluid. Equation (8.20.1) means that the heat flow into a differential section of the 
fin by conduction equals the heat flow out of the differential section of the fin by conduction down the length of the fin plus the 
heat exchanged with the surroundings in that differential section of the fin by convection. It is important to remember that heat 
is exchanged with the surroundings on both the top and bottom faces of the fin. Dividing through by 6WAx and taking the limit 
as Ax — 0 yields the following differential equation: 


d 2h 
= + FAE — Thuia) = 0 (B.20.2) 
Substituting Fourier’s law of heat conduction q = kt in Equation (B.20.2) gives 
dT 2h 


Introducing the new variable 7” = T} — Tuia gives 


ËT’ 2h 


—— = —T’ B.20.4 
dx? ôk (B204) 


The boundary condition at x = 0 is T= Tọ or T” = Ty — Tuia. Several possible boundary conditions exist for x = L, the simplest 
being that d7’/dx = 0, which means that there is no heat lost from the tip of the fin (adiabatic fin tip). This is a good 
approximation for the case where the tip of the fin has a very small surface area compared to the faces of the fin. The second 
boundary condition is reasonable and accurate for long, thin fins, but for short thick fins, the amount of heat lost from the fin tip 
may be significant. Nevertheless, the adiabatic fin tip assumption may be used for all types of fin with an adjustment that is 
discussed in Section 20.6. With these boundary conditions, Equation (B.20.4) can be integrated as follows: 

ËT _ 2hr ËT 2m — 

dr? — ôk T dz? a 

wherem = (2h /dk)*/? 

T’ = Asinh (mz) + B cosh (mz) 

z=0 T= To 5 T fluid = Asinh (0) + B cosh (0) => B= To = T fluid 


eS x = 0 = Am cosh (mL) + Bmsinh (mL) > A = —Btanh (mL) 


<. T = Asinh (mz) + Bcosh(mz) => T’ =- B tanh (mL) sinh (mz) + B cosh (mz) 


Te —T flui x cosh(mz) cosh(mL)—sinh(mL) sinh(mz) 
Ta = cosh (mz) = tanh (mL) sinh(mz) = an) ee 
Ty -T ui h L iag 
B a ee (B.20.5) 


To — Thtuia cosh (mL) 


The total heat transferred into the fin is (dW)q,=9 or 


dT 
dbWq = —oWk T = —dWk [Am cosh (0) + Bm sinh (0)| = W km tanh (mL) (To — Thi 
xz=0 xz=0 


(B.20.6) 
At this point, the efficiency of the fin is introduced and is defined as 


Heat transferred through fin 


nEn ee—E_ervoOOA o B.20. 
aie Heat transferred through fin if fin temperature wereT throughout ( 
Substituting the result from Equation (B.20.6) into Equation (B.20.7) gives 

W km tanh (mL) (To — Tymia)  Skmtanh(mL)  tanh(mL) 
Efin = sso OD ee” FS (B.20.8) 


2hW L (To = T fluid) 2hL mL 


This result is plotted in Figure 20.32. 

SHORT ANSWER QUESTIONS 

1. Why is it necessary to include an LM7D correction factor (F) into the design equation for most practical heat exchangers? 

2. Explain why you agree or disagree with this statement: Because the heat transfer coefficients for gases are always much lower 
than for liquids, the limiting resistance for condensers (where a gas is turned into a liquid) is always on the condensing side of 
the heat exchanger. 

3. For shell-and-tube exchangers in which the flow is turbulent and there is no phase change taking place for either stream, how 
does the heat transfer coefficient change with a 50% increase in the mass flowrate for the 

Shellside fluid? 

Tube-side fluid? 

4. Repeat Problem 20.3 assuming laminar flow for both fluids. 

5. Would you expect the heat transfer coefficient for a given fluid to be higher if the fluid were in laminar flow or turbulent 
flow? Explain your answer. 

6. Give three reasons for placing a specific fluid on the tube side of an S-T heat exchanger. 

7. Give three reasons for placing a specific fluid on the shell side of an S-T heat exchanger. 

8. Why are fins (extended surfaces) used in some heat exchangers? 

9. Give explanations for the following terms for S-T heat exchangers: 

Baffle cut 

Number of tube passes 

Tube pitch 

Tube arrangement 

10. State the basic design equation for an S-T heat exchanger in which there are no phase changes, and draw a sketch of the 7-O 
diagram with the relevant terms shown. 

11. Draw the 7-Q diagram for the following cases: 

Condensing (pure) vapor using cooling water 

Distillation reboiler using condensing steam as the heating media 


Process liquid stream cooled by a another process stream 
PROBLEMS 


12. A process fluid (Stream 1) (C, = 2100 J/kg/K) enters a heat exchanger at a rate of 3.4 kg/s and at a temperature of 135°C. 
This stream is to be cooled with another process stream (Stream 2) (c, = 2450 J/kg/K) flowing at a rate of 2.65 kg/s and entering 
the heat exchanger at a temperature of 55°C. Determine the following (you may assume that the heat capacities of both streams 
are constant): 

The exit temperature of Stream 1 if pure countercurrent flow occurs in the exchanger and the minimum approach temperature 
between the streams anywhere in the heat exchanger is 10°C 

The exit temperature of Stream | if pure cocurrent flow occurs in the exchanger and the minimum approach temperature 
between the streams anywhere in the heat exchanger is 10°C 

13. Repeat Problem 20.12 for the case when the specific heat capacities of both streams vary linearly with temperature with the 
following values: 

Stream 1: C, = 2000 + 3(7— 100) J/kg/K 

Stream 2: cp = 2425 + 5(T — 50) J/kg/K 


14. The T-Q diagrams for three S-T heat-exchanger designs are given in Figure P20.14(a—c). Determine the number of S-T 
passes required to accomplish these designs. 


130°C 
75°C 90°C 
40°C 
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130°C 
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50°C 
40°C 
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114°C 
90°C 
80°C 
(c) 


Figure P20.14 7-O Diagrams for Problem 20.14 

15. At a given point in a thin-walled heat exchanger, the shell-side fluid is at 100°C and the tube side fluid is at 20°C. Ignoring 
any fouling resistances and the resistance of the wall, determine the wall temperature for the following cases: 

The inside and outside heat transfer coefficients are equal. 

The inside coefficient has a value 3 times that of the outside coefficient. 

The inside coefficient has a value 4 that of the outside coefficient. 

The inside coefficient is limiting. 

16. In a heat exchanger, water (c, = 4200 J/kg/K) flows at a rate of 1.5 kg/s, and toluene (c, = 1953 J/kg/K) flows at a rate of 2.2 
kg/s. The water enters at 50°C and leaves at 90°C, and the toluene enters at 190°C. For this situation, do the following: 


Sketch the 7—O diagram if the flows are countercurrent. 
Sketch the 7—O diagram if the flows are concurrent. 
17. At a given location in a double-pipe heat exchanger, the bulk temperature of the fluid in the annulus is 100°C, and the bulk 
temperature of the fluid in the inner pipe is 20°C. The tube wall is very thin, so the resistance due to the metal wall may be 
ignored. Likewise, fluid fouling resistances may also be ignored. The individual heat transfer coefficients at this point in the 
heat exchanger are h; = 100 W/m?/K and A, = 500 W/m?/K 
What is the temperature of the wall at this location? 
What is the heat flux across the wall at this location? 
If there was a fouling resistance of 0.001 m°K/W on the inside surface of the inner pipe, what would the temperature of the wall 
be at this location? 
18. A single phase fluid (rh = 2.5 kg/s and Cp = 1800 J/kg/K) is to be cooled from 175°C to 75°C by exchanging heat with 
another single phase fluid (rh = 2.0 kg/s and Cp = 2250 J/kg/K), which is to be heated from 50°C to 150°C. You have the 
choice of one of the following five heat exchangers: 

Shell PassesTube Passes 


Exchanger 11 2 
Exchanger 22 4 
Exchanger 33 6 
Exchanger 44 8 
Exchanger 55 10 


Which exchanger do you recommend using for this service? Carefully explain your answer. 

(For the following problems and where information on organic materials is not given in the problem, the physical properties 
may be obtained from a process simulator using the SRK thermodynamics package or from using suitable handbooks.) 

19. What is the critical nucleate boiling flux for water at 20 atm? 

20. Water flows inside a long *%4-in, 16 BWG tube at an average temperature of 110°F. Determine the inside heat transfer 
coefficient for the following cases: 

Velocity = 0.1 ft/s 

Velocity = 3 ft/s 

21. Use Equations (20.47) and (20.48) to estimate the heat flux and heat transfer coefficient for boiling acetone at 1 atm pressure 
for a temperature driving force of 10°C. You may assume a Cy value of 0.01 for this problem. 

22. Use the Sieder-Tate equation to determine the inside heat transfer coefficient for a fluid flowing inside a 16 ft long, 1-in tube 
(14 BWG) at a velocity of 2.5 ft/s that is being cooled and has an average temperature of 176°F and an average wall temperature 
of 104°F. Consider the following fluids: 

Acetone (liquid) 

Isopropanol (liquid) 

Methane at 1 atm pressure—use a velocity of 50 ft/s 

Compare the results from Parts (a), (b), and (c) using the Dittus-Boelter equation 

23. Water at 5 atm pressure and 30°C flows at an inlet velocity of 1 m/s into a square duct 2.5 m long that has a cross section of 
25 mm by 25 mm. The wall of the duct is maintained at a temperature of 120°C by condensing steam. What will the temperature 
of the water be when it exits the duct? 

24. An S-T condenser contains six rows of five copper tubes per row on a square pitch. The tubes are %4-in, 14 BWG, and 3 m 
long. Cooling water flows through the tubes such that A; = 2000 W/m7/K. The water flow is high so that the temperature on the 
tube side may be assumed to be constant at 35°C. Pure, saturated steam at 2 bar is condensing on the shell side. Determine the 
capacity of the condenser (Q in kW) if the condenser tubes are oriented (a) vertically and (b) horizontally. 

25. Liquid dimethyl ether (DME) flows across the outside of a bank of tubes. It enters at 100°C and leaves at 50°C. The DME 
enters at a flowrate of 20 kg/s, the shell diameter is 15 in, the baffle spacing is 6 in, the baffle cut (BC) is 15%, and 1-in OD 
tubes on a 1.25-in pitch are used. The fluid (cooling water) inside the tubes may be assumed to be at a constant temperature of 
35°C and the inside coefficient is expected to be much higher than the shell-side coefficient, and thus the wall temperature may 
be taken as 35°C. 

Use Kern’s method to determine the average heat transfer coefficient for the shell side for the following arrangements: 

Square pitch 

Equilateral triangular pitch 

26. A double-pipe heat exchanger consists of a length of 1-in, schedule-40 pipe inside an equal length of 3-in, schedule-40 pipe. 
Water flows at a velocity of 1.393 m/s in the annular region between the pipes and enters the heat exchanger at 30°C. Oil flows 
in the inner pipe at an average velocity of 1 m/s and enters at 100°C. The water and oil flow countercurrently. Following are the 


properties of the water and oil: 
Water @30°C Oil @100°C Oil @50°C 
r = 998 kg/m? r = 690 kg/m? r= 727 kg/m? 
Cp = 4216 J/kg/K Cp = 2421 J/kg/K Cp = 2201 J/kg/K 
k= 0.60 W/m/K k=0.1179 Wim/K ok =0.1295 W/m/K 
m = 700 x 10°° kg/m/sm = 511 x 10° kg/m/sm = 945 x 10°° kg/m/s 
Determine how long the pipe lengths must be in order for the oil to leave the exchanger at 50°C. You may assume that both 
fluids are clean and that there is no fouling or tube wall resistances. 
27. A3 m long, 1.25-in, BWG 14 copper tube is used to condense ethanol at 3 bar pressure. Cooling water at 30°C flows 
through the inside of the tube at a high rate such that the wall temperature may be assumed to be 30°C and the inside heat 
transfer coefficient may be assumed to be much greater than the outside coefficient. Determine how much vapor will condense 
(kg/h) assuming no fouling resistance for the following cases: 
The tube is oriented vertically. 
The tube is oriented horizontally. 
28. Air (1 atm and 30°C) flows crosswise over a bare copper tube (1-in, BWG 16). The approach velocity of the air is 20 m/s. 
Water enters the tube at 140°C and leaves the tube at an average temperature of 80°C. The average velocity of the water in the 
tube is | m/s. Determine the length of tube required to cool the water to the desired 80°C. 
29. Oil flows inside a thin-walled copper tube of diameter D; = 30 mm. Steam condenses on the outside of the tube, and the tube 
wall temperature may be assumed to be constant at the temperature of the steam (150°C). The oil enters the tube at 30°C and a 
flow rate of 1.6 kg/s. The properties of the oil are as follows: 

30°C 50°C 150°C 
Density, r (kg/m?) 886 882 864 
Thermal conductivity, k (W/m/K) 0.2 0.2 0.18 
Specific heat capacity, cp (J/kg/K)2000 2000 1950 
Viscosity, m (kg/m/s) 5 x 1034 x 104 x 1074 
Calculate the inside heat transfer coefficient, h;, using the appropriate correlation. You should assume that the bulk oil 
temperature changes from 30°C to 50°C along the tube. 
Using the result from Part (a), calculate the length of tube required to heat the oil from 30°C to 50°C. 
30. Use the approach given in Example 20.11 to determine the length of tubes necessary to vaporize an organic liquid (acetic 
acid at 1 bar) flowing inside a set of vertical 74-in, BWG 16 tubes using condensing steam on the outside of the tubes to provide 
the energy for vaporization. The major resistance to heat transfer is expected to be on the inside of the tubes, and the wall 
temperature, as a first approximation, may be assumed to be at the temperature of the condensing steam, which for this case is 
125°C. It may be assumed that the value of the vapor quality, x, varies from 0.05 to 0.95 in the tube. The physical parameters for 
acetic acid are 


Py = 1.893kg/m?, pı = 939.7kg/m?, y, = 11.32 x 10-°kg/m/s, pı = 390.1 x 10-°kg/m/s, 
Tsat = 117.6°C, P, = 57.9bar, M = 60, kı = 0.1423W/m/K, A = 405kJ/kg, cp = 2.484kJ/kg/K, 
Cpv = 1.319 kJ/kg/K, A = 0.04kg/s/tube 


31. Repeat Problem 20.28 to find the length of a tube fitted with 2-in diameter, 1/16-in thick annular fins spaced a distance of 
3/16-in apart. 

32. An air heater consists of a shell-and-tube heat exchanger with 24 longitudinal fins on the outside of the tubes. The tubes are 
1.5-in, 14 BWG, and the fins are 0.75 mm thick and are 15 mm long. A total of 8 fins are spaced uniformly around the 
circumference of each tube. The tubes are made from carbon steel, and their length is 3 m. Air at 0.8 kg/s is being heated from 
30°C to 200°C in the shell, and the heat transfer coefficient may be taken as h, = 25 W/m?/K (without fins). Steam is 
condensing at 254°C in the tubes, and at that temperature / = 1700 kJ/kg. The tube-side heat transfer coefficient may be taken as 
h; = 6000 W/m?/K, and no fouling occurs for this service. 

Calculate the overall heat transfer coefficient with and without fins. 

Calculate the heat transfer area and the number of tubes needed with and without fins. 

33. Your assignment is to design a replacement condenser for an existing distillation column. Space constraints dictate a 
vertical-tube condenser with a maximum height (equals tube length) of 3 m. An organic is condensed at a rate of 12,000 kg/h at 
a temperature of 75°C, and cooling water is used, entering at 30°C and exiting at 40°C. The person you are replacing has done 
some preliminary calculations suggesting that a 1—4 exchanger (water in tubes) using 1-in, 16 BWG copper tubes on 1.25-in 
equilateral triangular pitch with a 37-in shell diameter would be suitable. However, there are only partial calculations to support 


this claim, and the person who performed the original design is unavailable for consultation. Complete the detailed heat transfer 

calculations to evaluate the suitability of this heat-exchanger design. 

Data for condensing organic: 

r= 800 kg/m? 

ro = 5.3 kg/m? 

l= 800 kJ/kg 

Cpl = 2600 J/kg/K 

k= 0.15 W/m/K 

my= 0.4 x 107° kg/m/s 

Heat transfer coefficient for tube side: 6000 W/m?/K 

Typical fouling coefficient for plant cooling water: 1200 W/m?/K (=1/Ry) 

Assume no fouling on the condensing side. 

34. A 1-2 shell-and-tube heat exchanger has the following dimensions: 

Tube length: 20 ft 

Tube diameter: 1-in, BWG 14 carbon steel (kes = 45 W/m/K) 

Number of tubes in shell: 608 

Shell diameter: 35 in 

Tube arrangement: Triangular pitch, center-to-center = 1.25 in 

Number of baffles: 19 

Baffle spacing: 1 ft 

Baffle: Horizontal baffle with baffle cut = 25% 

The fluids in the shell and tube sides of the exchanger have the following properties: 
Shell SideTube Side 


Inlet temperature (°C) 120 30 

Mass flowrate, rn (kg/s) 120 180 
Specific heat capacity, c, (kJ/kg/K)2.0 4.2 
Thermal conductivity, k (W/m/K) 0.2 0.61 
Density, r (kg/m?) 850 1000 
Viscosity, m (kg/m/s) 5.0 x 1040.72 x 103 


It may be assumed that neither fluid changes phase, and the viscosity correction factor at the wall may be ignored for both 
fluids. Determine the following: 

The inside heat transfer coefficient 

The shell-side heat transfer coefficient 

The overall heat transfer coefficient (assuming that fouling may be ignored) 

The exit temperatures of both fluids 

35. A 1-2 S-T heat exchanger is used to cool oil in the tubes from 91°C to 51°C using cooling water at 30°C. In the design case, 
the water exits at 40°C. The resistances on the water and oil sides are equal. What are the new cooling water outlet temperature 
and the required cooling water flowrate if the oil throughput must be increased by 25% but the outlet temperature must be 
maintained at 51°C? 

36. Repeat Problem 20.35 if the oil side provides 80% of the total resistance to heat transfer. 

37. Repeat Problem 20.35 for the case when the oil throughput must be increased by 25% but the cooling water flow rate 
remains unchanged from the base case. Determine the new outlet temperatures for both the process and cooling water streams. 
38. For the situation in Problem 20.35, suppose that the flowrate of the process stream must be reduced while keeping the 
process exit temperature at 51°C. Therefore, it will be necessary to reduce the flow of the cooling water stream. Determine the 
maximum scale-down of the process fluid that can occur without the exit cooling water temperature exceeding the limit of 45°C 
(when excessive fouling is known to occur). Plot the results as the ratio of the process stream flowrate to the base-case value (x- 
axis) versus the cooling water exit temperature. 

39. A reboiler is a heat exchanger used to add heat to a distillation column. In a typical reboiler, an almost pure material is 
vaporized at constant temperature, with the energy supplied by condensing steam at constant temperature. Suppose that steam is 
condensing at 254°C to vaporize an organic at 234°C. It is desired to scale up the throughput of the distillation column by 25%, 
meaning that 25% more organic must be vaporized. What will be the new operating conditions in the reboiler (numerical value 
for temperature, qualitative answer for pressure)? Suggest at least two possible answers. 

40. In an S-T heat exchanger, initially h, = 500 W/m?/K and h; = 1500 W/m7/K. If the mass flowrate of the tube-side stream is 
increased by 30%, what change in the mass flowrate of the shell-side stream is required to keep the overall heat transfer 


coefficient constant? 

41. A reaction occurs in an S-T reactor. One type of S-T reactor is essentially a heat exchanger with catalyst packed in the tubes. 
For an exothermic reaction, heat is removed by circulating a heat transfer fluid through the shell. In this situation, the reaction 
occurs isothermally at 510°C. The Dowtherm™ always enters the shell at 350°C. In the design (base) case, it exits at 400°C. In 
the base case, the heat transfer resistance on the reactor side is equal to that on the Dowtherm side. If it is required to increase 
throughput in the reactor by 25%, what is the required Dowtherm flowrate and the new Dowtherm exit temperature? You should 
assume that the reaction temperature remains at 510°C. 

42. In Problem 20.41, the reactor is now a fluidized bed where Dowtherm circulates through tubes in the reactor with the 
reaction in the shell. The Dowtherm then flows to a heat exchanger in which boiler feed water is vaporized on the shell side to 
high-pressure steam at 254°C. This removes the heat absorbed by the Dowtherm stream in the reactor so the Dowtherm can be 
recirculated to the reactor. So, the Dowtherm is in a closed loop. The resistance in the steam boiler is all on the Dowtherm side. 
In the base case for the reactor, the resistance on the reactor side is four times that on the Dowtherm side. The desired increase 
in production can be accomplished by adding 25% more catalyst to the bed and operating at the same temperature, which is 
what is assumed to happen in this problem. 

Write the six equations needed to model the performance of this system. 

How many unknowns are there? Solve for all the unknowns. 

If the temperature of the reactor is to be maintained at 510°C, determine the amount of process scale-up and all other unknowns 
for the following cases: 

10% increase in Dowtherm flowrate 

25% increase in Dowtherm flowrate 

50% increase in Dowtherm flowrate 

Plot the results from Parts (b) and (c) in the form of a performance curve in which the amount of process scale-up (Q2/Q, on the 
y-axis) is plotted as a function of the increase in Dowtherm flowrate (Mpr2/Mpr, on the x-axis). 

43. It is necessary to decrease the capacity of an existing distillation column by 30%. As a consequence, the amount of liquid 
condensed in the shell of the overhead condenser must decrease by the same amount (30%). In this condenser, cooling water (in 
tubes) is available at 30°C, and, under present operating conditions, exits the condenser at 40°C. The maximum allowable return 
temperature without a financial penalty assessed to your process is 45°C. Condensation takes place at 85°C. 

If the limiting resistance is on the cooling water side, what is the maximum scale-down possible based on the condenser 
conditions without incurring a financial penalty? What is the new outlet temperature of cooling water? By what factor must the 
cooling water flow change? 

Repeat Part (a) if the resistances are such that the cooling water heat transfer coefficient is three times the condensing heat 
transfer coefficient. You may assume that the value of the condensing heat transfer coefficient does not change appreciably from 
the design case. Does your solution exceed the maximum cooling water return temperature of 45°C? If so, can you suggest a 
way to decrease the condenser duty by 30% that would not violate the cooling water return temperature constraint? 

44. A reaction occurs in a well-mixed fluidized bed reactor maintained at 450°C. Heat is removed by Dowtherm A™ circulating 
through a coil in the fluidized bed. In the design or base case, the Dowtherm enters and exits the reactor at 320°C and 390°C, 
respectively. In the base case, the heat transfer resistance on the reactor side is two times that on the Dowtherm side. It may be 
assumed that for the fluidized bed, the heat transfer coefficient on the fluidized side is essentially constant and independent of 
the throughput. 

The Dowtherm is cooled in an external exchanger that produces steam at 900 psig (Tsat = 279°C). The Dowtherm pump limits 
the maximum increase in Dowtherm flowrate, so the pump limits the heat removal rate based on its pump and system curves. 
For the current situation, the maximum increase in Dowtherm flowrate through the reactor and boiler is estimated to be 34%. By 
how much can the process be scaled-up? You may assume that the limiting heat transfer coefficient in the steam boiler is 
Dowtherm that flows through the tube side of the exchanger. 


Chapter 21: Separation Equipment 


WHAT YOU WILL LEARN 


The separation basis and separating agent for the most common 
chemical engineering separations 


How to determine the size of tray columns and packed columns 
The key design parameters affecting tray columns and packed columns 
The internals of tray and packed columns 


The impact of the reboiler and condenser on the design and 
performance of distillation columns 


The economic trade-offs for tray and packed columns 


The performance of existing tray and packed columns 


The types of equipment used in extraction along with their advantages 
and their disadvantages 


The type of equipment used for gas permeation membrane separations 


The purpose of this chapter is to introduce the fundamental 
relationships needed to design separation devices. Then, the 
design and performance of equipment used for the most 
common chemical process separations is discussed. The details 
of the typical graphical methods taught in basic separations 
courses are presented. However, the use of these graphs to 
provide a conceptual understanding of the behavior of 
separation equipment is emphasized. This chapter is not 
designed to replace a complete text on separation processes [1, 
2]. Itis meant to provide a conceptual summary of typical 
chemical engineering separations and provide equipment 
information that complements existing separation processes 
textbooks. The focus is on binary distillation, binary gas 
permeation, and absorption and stripping involving one solute 
and two solvents. The overriding concepts affecting these 
separations can be learned from these simple cases and are 
generally applicable to more complex systems. The design of 
multicomponent distillation sequences, which is process design, 
was discussed in Chapter 12. 

Separations require a basis and a separating agent. The 
separation basis is the physical property being exploited. For 
example, when drying hair with a hair dryer, the difference in 
boiling points (or volatility) between water and hair is the 
separation basis. Distillation also exploits the difference in 
boiling points between components, as most students have seen 
in organic chemistry lab. This illustrates the subtle differences 
in the nomenclature used for separations. Distillation refers to 
the separation where both components can vaporize at typical 
operating conditions. Evaporation refers to the separation 


where one component does not vaporize at typical operating 
conditions. In a chemical engineering context, a solid can be 
separated from a solvent by evaporating the solvent. Two 
components that have boiling points that differ by 20°C, for 
example, can be separated by preferentially boiling the 
component with the lower boiling point (distillation). Another 
difference between these two separations is that the solvent 
obtained through evaporation will be essentially pure; however, 
in distillation the lower boiling component will contain some of 
the higher boiling component. 

The separating agent is employed to exploit the separation 
basis to effect the separation. In distillation and evaporation, 
the separating agent is energy. Most students are also familiar 
with extraction from organic chemistry lab, where a solute is 
transferred from one phase to another, immiscible, phase. In 
this case, the destination solvent is the separating agent, and the 
general category is called mass separating agents. Another 
familiar mass separating agent is involved in the brewing of real 
(not instant) coffee, in which hot water removes the flavor 
ingredients from the solid coffee bean, but the coffee bean does 
not dissolve in the water. This solid-liquid separation is called 
leaching. 


Table 21.1 shows some typical separations used in chemical 
engineering, their basis, and the separating agent. 


Table 21.1 Typical Chemical Engineering Separations 


| Separation Basis Separating Agent | 
| Distillation Volatility difference Energy | 
Absorption, Solubility difference Mass (additional 
stripping, phase) 
extraction, 
leaching 
Crystallization Melting point Energy 
(from melt) difference 
Crystallization Solubility in solution Energy or mass 
(from solution) (whatever changes 
solubility) 
Adsorption, ion Difference in surface Solid adsorbent 
exchange equilibrium 
Gas permeation Different rate of Membrane 
membranes mass transfer 


through membrane 


21.1 BASIC RELATIONSHIPS IN 
SEPARATIONS 


Most separation processes require simultaneous solution of 
three fundamental relationships. As with typical chemical 
engineering equipment, the fundamental equations involved in 
separations start with the material balance and the energy 
balance. Then, depending on the specific separation process 
and/or specific equipment being used, the third relationship 
could be an equilibrium relationship, a mass transfer 
relationship, or a rate expression. 


21.1.1 Mass Balances 


The exact form of the mass balance depends on the separation 
basis. For a separation basis not involving a mass separating 
agent, such as energy or a membrane, for example, as illustrated 
in Figure 21.1(a), the overall mass balance is of the form 


V Vout Lin 
yi Yi,out Xin 
F 
Zi 
L Vin Lout 
Xi Yi,in Xout 
(a) (b) 


Figure 21.1 Input and Output Structure of Separation 
Involving (a) Energy Separating Agent or Membrane and (b) 
Mass Separating Agent 


F=L+V (21.1) 
and the component mass balance for species i is 


where the stream flowrates (F, L, V) are either in mass or mole 
units, and the fractions (x;, yi, Zi) are either mass fractions or 
mole fractions, respectively. 

For a mass separating agent, such as extraction, as 
illustrated in Figure 21.1(b), wherein solute 7 is transferred from 
the liquid stream L to the vapor stream V or vice versa, the mass 
balances are 


Lin F Vin = Lout F Vout (21.3) 


Lin Tiin F VinYi,in = Lout Li out F Vout Yi out 
(21.4) 


where, once again, if the flowrates are in mass units, the 
fractions are mass fractions, and if the flowrates are in mole 
units, the fractions are mole fractions. 

The nomenclature used for these mass balances is in 
anticipation of liquid-vapor separations, hence the use of L and 
V. However, the mass balances are applicable to any separation 
modeled by either case in Figure 21.1. 


21.1.2 Energy Balances 


For the system illustrated in Figure 21.1(a), the overall energy 
balance is 


Fhr +Q = Lh, +VH, (21.5) 


where Q is the heat duty, in energy/mass or energy/mole, H is a 
vapor enthalpy, and h is a liquid enthalpy, both in energy/mass 
or energy/mole. 

For the system illustrated in Figure 21.1(b), the energy 
balance is 


Linhin as Vin Hin + Q = Lout hout T Vout Hout 
(21.6) 


For liquid-liquid separations such as extraction, all enthalpies 
are for liquids, and the energy balance is not usually needed, 
since little or no energy of solution is involved in transferring a 
solute between liquid phases, so the process is essentially 
isothermal. For some vapor-liquid separations, such as 
absorption and stripping, the energy balance may be involved, 
since dissolving a gas in a liquid is often accompanied by a heat 
of solution, which makes the process nonisothermal. 


21.1.3 Equilibrium Relationships 


For an equilibrium separation, it is assumed that the outlet 
streams are in equilibrium, or if the actual behavior is modeled 
as an approach to equilibrium, an equilibrium expression for 
each component must be solved along with the mass and energy 
balances. In effect, it is assumed that the phases are well mixed 
for a sufficient residence time to reach equilibrium. In general, 
the equilibrium relationship is of the form 


where, for vapor-liquid separations 


i vei 
Prot exp | — | 
mV 
t 
(21.8) 


where P; is the partial pressure of component i; P* is the vapor 
pressure of component i; p*¥ is the fugacity coefficient for 
component i at saturation; y; is the activity coefficient for 
component 7; the exponential is known as the Poynting 
correction factor, with Ve being the liquid molar volume; and 
py is the fugacity coefficient for component i in the vapor 
phase. The Poynting correction factor only deviates from unity 
at very high pressures. The fugacity coefficients only deviate 
from unity at high pressures, and the activity coefficient only 
deviates from unity for nonideal systems. Therefore, for ideal 
systems at low pressures, Equation (21.8) reduces to 


Yi Er 
Dh geet 21.9 
a (21.9) 


which is Raoult’s law. For liquid-liquid separations, 
*r * VŽ” (P-P) 
P, To Ty! exp | RT 
mi = 


è # Vo" (PH pil) 
P; Tag TaI exp ecu 
(21.10) 


where the superscripts J and H refer to the two liquid phases. 
Usually, for liquid-liquid systems, experimental data are used, 
and if the data appear to be linear, a constant value for m can be 
determined. For gases dissolving, but not condensing, in 
liquids, m can be related to Henry’s law. In Henry’s law, the 
partial pressure in the vapor phase is related to the liquid mole 
fraction by p4 = Hax,, where H; has pressure units, so m in 
Equation (21.7) becomes H,/P, where P is the total pressure. 


21.1.4 Mass Transfer Relationships 


21.1.4.1 Continuous Differential Model 


If the two phases being contacted in a separation are not well 
mixed, equilibrium is not reached between the phases. A model 
for this type of separation is similar to that for a countercurrent 
heat exchanger and is illustrated in Figure 21.2. In this 
development, it is assumed that there is one solute being 
transferred between phases, from the V phase to the L phase. 
The overall mass balances are Equations (21.3) and (21.4). 
Paralleling the heat transfer development in Chapter 20, the 
differential mass balance between two points S and S + AS is 


Z Vout Lin 


Vin Lout 


Figure 21.2 Model for Continuous Differential Separation 


(Vy)s+as — (Vy)s — N, 4S =0 
(21.11) 


where N, is the flux of solute in mass or moles/interface 
area/time and S is the interfacial (mass transfer) area/flow 
cross-sectional area, which is assumed to be zero at z = o and 
increase proportionally with the coordinate z. Equation (21.11) 
reduces to 


d(Vy) 
dS 


=N; (21.12) 


A similar development under the assumption that transfer is 
from the L phase to the V phase gives 


=N; (21.13) 


21.1.4.2 Two-Film Model 


In order to apply Equation (21.12) or (21.13), a model for mass 
transfer between phases is needed. For transfer between 
immiscible phases (liquid-liquid or gas-liquid), the two-film 
model can be used. In this model, which is illustrated in Figure 
21.3, there is a mass transfer resistance on each side of the 
interface described by a mass transfer coefficient, which is 
similar to a heat transfer coefficient. However, for mass 
transfer, there is a discontinuity in concentration at the 
film/film interface due to the difference in solubilities in the two 
phases, while for heat transfer the temperature is continuous 
across the films. 


Interface 


; Bulk 


YA 
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z=-6, z= z=6, 


Figure 21.3 Two-Film Model for Mass Transfer between 
Immiscible Phases 


The flux on the V side for this case is [3] 


N= cy DABy fa G = us 
3 by 1— ya 


(21.14) 


where cy is the total molar concentration, D4gy is the diffusion 
coefficient of solute (A) in the V phase, 6, is the film thickness 
in the V phase, y4 is the mole fraction in the V phase, and y4; is 
the mole fraction in the V phase at the interface. Similarly, for 
the L phase, 


Cr D Bz Lay 
Noa a e a E 
ý Or: a (14) 


(21.15) 


In this illustration, it is assumed that the direction of mass 
transfer is from the V phase to the L phase; however, the result 
is the same for transport in the opposite direction. At steady 
state, the flux from the V phase must be equal to the flux into 
the L phase. Equating Equations (21.14) and (21.15) yields 


F,/F, 
l-y4i _ (=) (21.16) 
Ly 124; 


where Fy = (cyDpy/6y) and Fy = (CxDAgx/ôx). It is observed that 
F, and F, have the same units as N, moles/interfacial area/time. 
Since this model assumes a stagnant film, and in a real 
application there will also be convection, the parameters Fy and 
F, are effectively mass transfer coefficients. The relationships 
for these mass transfer coefficients parallel those for heat 
transfer and are dependent on the actual flow geometry 
involved. Equation (21.16) can be used to calculate the values of 
Yai and xa; from the values far from the interface, based on the 
assumption that the interface is at equilibrium, so that y4; = 
Mm,xX,j;- It is important to understand that, when this model is 
used to describe a separation, equilibrium occurs only at the 
interface, whereas in the well-mixed, equilibrium model 
described in Section 21.1.3, the phases are in equilibrium at all 
points in both phases, meaning that the outlet streams are in 
equilibrium. Equations (21.14), (21.15), and (21.16) can be 
simplified for special cases, such as dilute solutions, and these 
relationships are available [3]. 

In the two-film model, the two mass transfer coefficients, Fy 
and F,, can be combined into an overall mass transfer 
coefficient, just as in heat transfer. For an overall mass transfer 
coefficient based on the V phase, defined as K,, this result is 

1 1 m 
— = — + — 21.17 
Ky Fy T F, ( ) 
and the overall mass transfer coefficient based on the L phase, 
defined as Ky, is 
1 1 1 


ea eee 21.18 
K, F, | mF (2118) 


21.1.4.3 Transfer Units 

To determine the interfacial area required for a given 
separation, the differential equation obtained by using Equation 
(21.14) in Equation (21.12) or by using Equation (21.15) in 
Equation (21.13) must be solved. The former case is illustrated. 
The differential equation to be solved is 


ea)... F,ln (= ) (21.19) 


where the subscript A has been dropped. The result, presented 
here without derivation, is 


YA out 


Vdy 
1-y; 
YA,in Fy (1 z y) i (=) 
(21.20) 


a 


In turbulent flow, the mass transfer coefficient is 


proportional to Re®® or a power close to 0.8 (just as in heat 
transfer), so the approximation that V/F; is constant is often 
made. In this case, Equation (21.20) becomes 


YA out 


g- V dy 
B F, l—y; 
i YA,in (1 E y) In ( 1-y ) 
(21.21) 


This form has the advantage of having one term (V/F,) that 
is dependent on the flow geometry and one term (the integral) 
that is dependent only on the compositions of the phases for 
any flow geometry. These two terms are usually given the 
definitions “height of a transfer unit” (H) and “number of 
transfer units” (N), respectively. The use of the word height is 
based on a typical application to vertical, packed columns, 
although the word length might be a better term. The height of a 
transfer unit is a measure of 1/separation efficiency, and the 
number of transfer units is a measure of the difficulty of the 
separation. The larger the height of a transfer unit, the less 
efficient the separation, and the larger the number of transfer 
units, the more difficult the separation. 


Therefore, 
V 
Ay = — 21.22 
== (21.22) 
YA,out d 
Y 
aa a a 
YA,in (1 E y) In ( 1-y ) 
(21.23) 
and 
S = Hy Ny (21.24) 


A parallel derivation is possible for the L phase, and the 
results are 


L 
H; = A (21.25) 
T A, out d 
Ns / — 2 
„3, -a)l (=) 
(21.26) 
and 
S= HN; (21.27) 


In principle, the size (interfacial area) of a continuous 
differential separation unit calculated from either Equation 
(21.24) or Equation (21.27) is identical. This is similar to the 
area of a heat exchanger being identical for the two cases of the 


overall heat transfer coefficient based on the internal surface 
area (U;) and the overall heat transfer coefficient based on the 
external surface area (U,). The decision on which method to use 
is based on computational issues; however, it is generally true 
that the transfer unit expression for the phase with the limiting 
resistance is the better method to use. 

It is also possible to define transfer units based on the 
overall mass transfer coefficients in Equations (21.17) and 
(21.18). All cases are presented in Table 21.2. 


Table 21.2 Summary of Equations for Calculating 
Transfer Units 


z (Units 
of 
Length) 


Height of 
Transfer Unit 
(Length) 


Number of Transfer Units 


= —_ V YA,out 
Z= H = — ,0ul 
v Fy dy 


NyHy Ny = pS 
1-y; 
vin C-u) (=) 


alo 
Q 
8 


Z= Ay, 
NH; N; = 


Z= Aor = Li 
NorHoL 


z= 
NovHov 


Comments 


Usually 
used when 
gas phase 
has limiting 
mass 
transfer 
resistance 


Usually 
used when 
liquid phase 
has limiting 
mass 
transfer 
resistance 


y* = mx, 
where x 
corresponds 
to y value 
on 
operating 
line; usually 
used when 
gas phase 
has limiting 
mass 
transfer 
resistance 


x* =y/m, 
where y 
corresponds 
to x value 
on 
operating 
line; usually 
used when 
liquid phase 
has limiting 
mass 
transfer 


resistance 


21.1.5 Rate Expressions 


Some separations are based on differential rates of transport 
between components, so the rate of transport, not equilibrium, 
is used in conjunction with the mass and energy balances. The 
application that is treated here is membrane separations. The 
model for membrane transport is shown in Figure 21.4. An 
external resistance to mass transfer exists on either side of the 
membrane, which is characterized by a mass transfer coefficient 
(F;). This model resembles heat transfer across a solid with 
external resistance, which was discussed for cylindrical 
coordinates in Chapter 2. The major difference is the 
concentration “jump” at the interface, while for the heat 
transfer case, the temperature is continuous across the 
interface. This is due to the different solute solubility in the 
membrane from that in the external phase. The steady-state flux 
(moles/interface area/time) of solute A across the membrane is 


Membrane 


Fi Dag/t, F2 


Figure 21.4 Model for Mass Transfer across Membrane 


D 
Nag = Fi (Cai — Cau) = <= (Catim — Cam) = Fe (C42; — C2) 


(21.28) 


Assuming that the interfaces are at equilibrium, and using 
the equilibrium expressions C4, = 7,C41; and Chom = MoC4oj, 
Equation (21.28) can be rearranged into a series resistance 
form: 


m1C'4, — mM2C'42 


mı tm m2 


Na = (21.29) 


It is observed that the denominator of Equation (21.29) 
resembles the series resistance form in Equation (2.24). The 
difference, other than geometry, is the different solubilities of 
the solute in the membrane and in the two external phases. 
Analogous parameters are not present in the heat transfer form, 
because the temperature criterion for equilibrium at an 
interface is equal temperatures. For mass transfer, the criterion 
for equilibrium is the ratio of the solubilities in the two phases, 
mj, which is often called the partition coefficient. 


In some cases, it is assumed that the external resistance is 


negligible, in which case Equation (21.29) reduces to 


mC4i—™m2C42 DaB 
NAPS ge i (m1 C41 — M2042) 
Dap 


(21.30) 


In the particular application discussed later in this chapter, 
the two external phases are gases, so it can be assumed that m, 
= Mm, = m, so Equation (21.30) further reduces to 


mD P 
Na = = Ch — C42) = z (Ca — C42) 
(21.31) 


where P is defined as the membrane permeability. (Note that 
some references define the permeability as P/t,,.) In addition, 
for applications involving gas permeation, the concentrations 
are often expressed as partial pressures using the ideal gas law. 


21.2 ILLUSTRATIVE DIAGRAMS 


21.2.1 TP-xy Diagrams 


In traditional chemical processes, vapor-liquid separations are 
by far the most common. The simplest vapor-liquid separation 
is a partial condensation or partial vaporization. The discussion 
here is limited to binary mixtures with illustrations for ideal 
mixtures; however, the concepts apply to mixtures of any 
number of components and nonideal mixtures. In a partial 
condensation, a vapor mixture is brought into the two-phase 
region, and the vapor and liquid phases in equilibrium are at 
different mole fractions. Partial condensation can occur by 
either cooling and/or compressing a vapor mixture. Figure 21.5 
denotes the equipment involved, and the separation is shown on 
a T-xy diagram. It is important to understand that either a heat 
exchanger or a compressor is needed to change the temperature 
or pressure, respectively. Quite often student problems and 
process simulators lump both pieces of equipment into one 
unit. Calculations can be performed this way, but the 
correspondence to actual equipment is lost. In Figure 21.5, the 
use of compression to form a two-phase mixture is shown only 
for illustrative purposes, since liquid droplets damage 
compressor rotors, meaning that this operation is not used. If 
compression was to be used, there would need to be cooling to 
facilitate condensation, since compression increases the 
temperature of the vapor. Figure 21.6 illustrates partial 
vaporizations, either by heating a liquid mixture into the two- 
phase region or by reducing the pressure of a liquid to form a 
vapor-liquid mixture. Once again, all relevant equipment is 
shown. 
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Figure 21.5 Partial Condensation Equipment and 
Equilibrium 
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Figure 21.6 Partial Vaporization Equipment and 
Equilibrium 


Quite often, all four of these operations are called flash 
separations. Technically, only the reduction in pressure is a 
“flash” separation, specifically a flash vaporization. 

The equations used to solve any of these flash separations 
are the material balances, Equations (21.1) and (21.2); the 
energy balance, Equation (21.5); and the equilibrium 
expression, Equation (21.8). If Equations (21.1), (21.2), and 
(21.8) are combined, Equations (21.32) and (21.33) can be 


obtained. 


where the subscript i represents each component, and there are 
C components. In principle, either of these equations can be 
used to solve for one unknown, either V, temperature, or 
pressure (inside m,) if the other two are specified. Then, the 
mole fractions can be found. It is also possible, in principle, to 
solve for two of V, T, or P, with any two outlet parameters, 
including component mole fractions and fractional recoveries. 
However, since Equations (21.32) and (21.33) are not always 
monotonic, numerical methods can fail. Additionally, the 
difference between Equations (21.32) and (21.33) is always 
monotonic, so it is a better choice for a numerical solution. 


Equation (21.34) is often called the Rachford-Rice equation 
[1]. The energy balance, Equation (21.5), is only used to 
calculate the heat duty on the heat exchanger used for the 
partial condensation. 


Example 21.1 


In the production of cumene from propylene and 
benzene, the feed propylene contains propane, which 
does not react with the benzene. The reaction occurs in 
the vapor phase. The separation section of the process 
starts with a partial condensation of the unreacted 
benzene (present in excess to enhance selectivity) and 
cumene to remove the propane. For this example, it is 
assumed that all propylene in the feed reacts and that 
there are no unwanted by-products in the reactor 
effluent. The feed to the partial condenser contains 51 
mol% benzene, 44 mol% cumene, and the remainder 
propane. Ideal behavior is assumed, and the Antoine 
coefficients are shown in Table E21.1 and are assumed to 
be valid over the temperature range of this problem. 


Table E21.1 Antoine Coefficients for Example 
21.1 


log,)P* (mm Hg) = A — E 
A B Cc 
Propane 6.80398 803.810 246.990 | 
Benzene 6.90565 1211.033 220.790 
Cumene 6.93666 1460.793 207.777 | 


If a partial condensation of 200 kmol/h occurs at 90°C 
and 1.75 bar, what are the flowrates and mole fractions of 
the streams leaving the flash drum? 


Solution 


Using Raoult’s law, the values of m; can be calculated 
from m; = P*/P, where P* is obtained from the 
Antoine coefficients in Table E21.1. Since the z; are 
known, the only unknown in Equation (21.34) is V/F. 
Since there are only three terms in Equation (21.34), the 
result is a quadratic in V/F, although, in general, 
Equation (21.34) would be solved using an equation 
solver. The result is V/F = 0.0393, so V= 7.86 kmol/h, 
and L = 192.14 kmol/h. The mole fractions are obtained 
from 


Ži 
(B21.1a) 
E Mi Zi 
(E21.1b) 


which are the individual terms in Equations (21.32) and 
(21.33), respectively, and m is given by Equation (21.9). 
The results are 


Xi Yi 
Propane 0.09 0.568 
Benzene 0.515 0.395 
Cumene 0.457 0.037 


If V/F were known, either the temperature or pressure 
could be obtained using the same method, solving for 
one unknown. 


Example 21.2 


In the process in Example 21.1, the vapor stream 
contains too much benzene, a valuable reactant. The feed 
flowrate of benzene is 102 kmol/h, while the flowrate of 
benzene in the liquid phase is (192.14 kmol/h)(0.515) = 
98.95 kmol/h, which is about 97% recovery of benzene in 
the liquid and a loss of about 3 kmol/h of benzene, which 
has a value of several million dollars/year. Under what 
operating conditions would 99% recovery of benzene in 
the liquid stream be possible? 


Solution 


In this case, V/F, T, and P are initially unknown. As in 
Example 21.1, two specifications are needed. One is the 
desired fractional recovery. The other is either T or P. 
V/F cannot be specified, because the material balance is 
determined by the fractional recovery specification. 
Therefore, if T is specified, the required pressure can be 
calculated, and vice versa. 


The fractional recovery specification must be used to 
determine V/F. This specification is 


Lrg = Lap = 
Fzg  200(0.51) © 
(E21.2a) 


0.99 


which means that Lxg = 100.98, so Vyp = 1.02, since 
there are 102 kmol/h of benzene in the feed. Taking the 
ratio of these terms, 


Vyg _ Vmpg 1.02 _ 
Lrg L 100.98 — 


(E21.2b) 
so 
V mB 
MB _ F — 99 
F-V 1-¥ 
F 
(E21.2c) 
and rearrangement yields 
V i 
— = — E21.3d 
F 1+ 99mg ( ) 


If Equation (E21.3d) is inserted into Equation (21.34), 
then if the pressure is known, temperature is the only 
unknown, and vice versa. Therefore, there are actually an 
infinite number of temperature-pressure combinations 
that solve the problem. For this exercise, the pressure 
will be determined at 90°C, the original temperature in 
Example 21.1, and the temperature will be determined at 
1.75 atm, the original pressure in Example 21.1. An 
equation solver is used; at 90°C, the pressure is 2.14 atm, 


and at 1.75 atm, the temperature is 81.2°C. The mole 
fractions in each phase could then be calculated just as in 
Example 21.1. 


Examples 21.1 and 21.2 illustrate that, without consideration 
of energy requirements, Equation (21.34) can be used to solve 
for a single unknown with two specifications. The energy 
balance, Equation (21.5), can be used the get the heat duty. 
Problems that couple the energy balance with Equation (21.33) 
are also possible. 


It is observed from the T-xy diagrams that the vapor phase is 
enriched in the more volatile component, while the liquid phase 
is enriched in the less volatile component. The horizontal line 
connecting the vapor and liquid phases in equilibrium is called 
a tie line. Any mixture brought to a point in the two-phase 
region separates into two phases connected by the tie line. It is 
further observed that neither phase is very pure in the enriched 
component. Now, suppose that the feed is vapor that is partially 
condensed, and the vapor phase, V}, is partially condensed 
again, as illustrated in Figure 21.7, and the process is repeated 
several times. It is observed that the more volatile component 
can asymptotically approach purity. Similarly, Figure 21.7 also 
illustrates that the less volatile component can asymptotically 
approach purity by partially vaporizing the liquid phase. Each 
heat exchanger/drum combination is called a stage, and these 
are called equilibrium stages, because it is assumed that the 
two phases leaving the stage are in equilibrium. This sequence 
appears promising; however, as shown Figure 21.7, there are a 
significant number of waste streams, since only the top or 
bottom stream is the desired product. Furthermore, a 
significant number of heat exchangers is required. Suppose the 
top “waste” stream is recycled to the second-from-the-top stage. 
It can provide the necessary heat sink in place of one partial 
condenser. This is illustrated in Figure 21.8. Similarly, if the 
bottom waste stream is recycled from the second-from-the 
bottom stage, it can provide the energy for one partial 
vaporization. This is also illustrated in Figure 21.8. Every waste 
stream can be returned to the adjacent stage, and Figure 21.9 
illustrates the entire process, and it is observed that there is one 
feed stream and two exit streams, both of which can be very 
pure in one of the components. Heat is added only at the 
bottom and energy is removed only at the top. This is how 
distillation works, although as will be seen later, the actual 
equipment is more compact. 
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Figure 21.7 Effect of Adding Multiple Stages to Partial 
Condensation/Partial Vaporization Process 
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Figure 21.8 Effect of Using Impure Streams as Heat Source 
and Heat Sink 


It is important to realize that while the T-xy diagram 
provides a mental picture of how distillation works, it is not 
used for calculations, though it was before high-speed 
computing. The calculations are done exactly how the diagrams 
suggest, using a series of mass and energy balances combined 
with equilibrium expressions from stage to stage, as shown in 
Section 21.1. 

If it is understood that energy is required to “unmix” 
components, which lowers the system entropy (since mixing is 
spontaneous), it is no surprise that energy must also be rejected 
to the surroundings. Overall, energy input is required to unmix 
the components, but energy must also be rejected to the 
surroundings, just as in a power cycle. 


21.2.2 McCabe-Thiele Diagram 


The McCabe-Thiele diagram is a graphical representation of 
distillation, and it can also be used to represent separations 
using mass separating agents. It is valid only for certain systems 
subject to certain assumptions. While current computational 
power makes the McCabe-Thiele diagram somewhat obsolete, 
an understanding of the diagram provides conceptual insights 
that apply to all types of distillation operations and to all types 
of separations using mass separating agents. 


21.2.2.1 Distillation 


The McCabe-Thiele diagram can be used to represent 
distillation using either tray columns or packed columns. 


Tray Columns 

A schematic of a tray distillation column is shown in Figure 
21.10(a), along with a detailed sketch of the internals of a 
distillation column in Figure 21.10(b). It is a tower with trays 
containing holes, sometimes with caps or similar devices on top 
of the holes. A level of liquid is present on each tray, and gas 
bubbles up through the tray from the tray below. Each tray 
behaves like a flash operation. The feeds to each tray, one from 
the top and the other from the bottom, are at different 
temperatures so that the liquid and vapor on the tray are 
assumed to come to equilibrium. Since the vapor bubbles 
through the holes in the tray, the bubble motion is assumed to 
create a well-mixed condition, so that the exit streams from the 
tray are at the same conditions as the vapor and liquid on the 
tray. 
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Figure 21.10 (a) Schematic of Distillation Column, (b) 
Internals of Distillation Column (b from Couper, J. R., et al., 
Chemical Process Equipment, Selection and Design, 3rd ed 


[Boston: Elsevier, 2012] [4]) 


The material and energy balances, as described by Equations 
(21.3), (21.4), and (21.6), are written for every tray. An 
alternative method is to write these balances from the top to 
each tray above the feed and the bottom to each tray below the 
feed. One of these sets of balances, along with balances on the 
condenser, reboiler, and feed tray, are solved simultaneously. 
Therefore, the number of trays must be known, so that all 
balances can be written. This means that the outlet conditions 
can be predicted for a fixed number of trays, feed location, 
reflux ratio (Lo/D in Figure 21.10[a]), and feed conditions, 
which is a simulation, not a design. To design a column this way 
requires iterations, until the number of trays, reflux ratio, and 
feed location provide the desired outlet conditions. This is why 
process simulators require that the number of trays and feed 
location be provided for a rigorous distillation calculation. 

There is a simplification that allows a graphical method to 
design a distillation column. It only works for binary 
distillations under certain circumstances. However, a complete 
understanding of this method provides a complete 
understanding of the operation of a distillation column. This is 
the approach taken here. 

The assumption that simplifies binary distillation 
calculations is called constant molar overflow (also known 
as constant molal overflow). The assumptions of constant 
molar overflow are 


e The molar heat of vaporization (A) is the same for each component. 
e The column is adiabatic. 


e The sensible heat is small compared to latent heat (CpAT < < A). 


As a consequence, the moles of vapor condensing on a tray 
equal the moles of liquid vaporizing on the tray. Therefore, the 
molar flowrates of liquid and vapor do not change from tray to 
tray in a given section of the column (a section is either above 
the feed or below the feed). Additionally, there is no need for an 
energy balance on any tray, because the energy need for 
vaporization equals the energy given up by condensation, and 
since no heat is lost, the heats of vaporization are identical, and 
they are much larger than any temperature changes between 
adjacent trays. 

Material balances written from the top of the column to a 
tray (j) above the feed, as illustrated in the top portion of Figure 
21.11, are 


Figure 21.11 Material Balance Envelope for Tray Column 


V=EeD (21.35) 
Vya j+ = Lxaj + Dzap (21.36) 


where the assumption of constant molar flowrates on every tray 
is used, so that L and V are constant and not indexed by tray 
number. (Note that trays are numbered from top to bottom.) 
Equation (21.36) is written on the more volatile component, A. 
Equations (21.35) and (21.36) can be rearranged to 


L L L 2 


(21.37) 


where R = L/D. Equation (21.37) is now written as 


L x 
ia = Say e (21.38) 


where the subscript for the tray number has been dropped, 
since the equation is the same for a balance written from the top 
of the column to any tray. Equation (21.38) is the equation of a 
straight line with slope L/V and intercept x4p/(R + 1). While it 


is possible to plot this line if L/V is known, an easier method is 
to observe that when y4 = X4, X4 = Xap. Therefore, two points 
are known, the intercept and (x,4p, xap). When this line is 
plotted on an equilibrium diagram, the line labeled 1 in Figure 
21.12 is obtained. On Figure 21.12, the curve represents the 
vapor-liquid equilibrium, which can be obtained from the 
endpoints of the tie lines on a T-xy diagram such as shown in 
Figure 21.9. These data can be predicted from Raoult’s law or, in 
the most general case, Equation (21.8). The diagonal line is just 
a plot of y4 = x4. 
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Figure 21.9 The Final Arrangement with Heat Only Added at 
Bottom and Heat Only Removed at Top 
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Figure 21.12 Material Balance (Operating) Lines for 


Distillation Column 


A similar analysis can be done by writing a material balance 
from the bottom of the column to any tray below the feed. The 
situation is illustrated in the lower portion of Figure 21.11. The 
equations are 


L=B+V (21.39) 
Leap = Vysk + Bras (21.40) 


where the overbar indicates molar flowrates below the feed. 
Equations (21.39) and (21.40) can be rearranged to yield, with 
removal of the index subscript, 


L +Q =) 
i 7 SS T 
YA v A V AB 

(21.41) 


Equation (21.41) is the equation of a straight line with slope 
and intercept. If y4 = £4, £A = T Ap.. Therefore, two points 
are known, the intercept and (x4g, xag). This line is plotted on 
Figure 21.12 and labeled 2. It is observed that the intercept is 
negative because the slope > 1. 


The upper section of a distillation column, above the feed, is 
called the enriching section or the rectification section. The 
lower section, below the feed, is called the stripping section. 
The feed tray is the boundary between these two sections. In 
general, liquid in the feed goes down and vapor goes up; 
however, what exactly happens on the feed tray depends on 
whether the feed is saturated liquid, saturated vapor, a vapor- 
liquid mixture, superheated vapor, or subcooled liquid. It is 
important to understand that these terms are defined relative to 
the conditions on the feed tray. For example, if the feed is 
saturated liquid at 30°C, but the tray temperature is 50°C, then 
the feed is considered subcooled. 

To complete the column model, the top and bottom sections 
must match at the feed. Figure 21.13 illustrates the feed tray. 
The material and energy balances on the feed tray are 
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Figure 21.13 Vapor and Liquid Flows on Feed Tray 
F+V+L=V+L (21.42) 


Fhp + VH + Lhi- = VH; + Lh; 
(21.43) 


where the subscript f indicates the feed tray number, uppercase 
H indicates vapor enthalpy, lowercase h indicates liquid 
enthalpy, and hris the enthalpy of the feed regardless of its 
phase. If the feed stage is assumed to be at equilibrium, then the 
vapor and liquid enthalpies are for saturated conditions. From 
the constant molar overflow assumption, the enthalpies of each 
phase are constant across the trays, so rearranging Equations 
(21.42) and (21.43), while dropping the subscripts involving f, 
yields an equation for the quality of the feed, q, defined as the 
fraction of the feed in the saturated liquid state (as opposed to 


the quality of steam, which is defined as the fraction of vapor in 
the steam): 


Sg WN. u E 
1=-F 7 E Heh 
(21.44) 


If the feed is saturated liquid, q = 1, so the liquid flowrate 
below the feed is equal to the liquid flowrate above the feed plus 
the feed flowrate. The vapor flowrates above and below the feed 
are identical. 

If the feed is saturated vapor, q = 0, so the vapor flowrate 
above the feed is equal to the vapor flowrate below the feed plus 
the feed flowrate. In this case, the liquid flowrates above and 
below the feed are identical. 

If the feed is a vapor-liquid mixture, 0 < q < 1, so the liquid 
flowrate below the feed is equal to the liquid flowrate above the 
feed plus the liquid flowrate in the feed, Lp. The vapor flowrate 
above the feed is the vapor flowrate below the feed plus the 
vapor flowrate in the feed, Vr. Simply put, saturated liquid goes 
down, and saturated vapor goes up. 

Subcooled liquid and superheated vapor are not as simple. 
For a subcooled feed, the feed enthalpy, hr, is less than the 
saturated liquid enthalpy, h. Therefore, q > 1, which means that 
the liquid flowrate below the feed is greater than the liquid 
flowrate above the feed plus the feed flowrate. How is this 
possible? Since the denominator of the enthalpy expression in 
Equation (21.44) is the heat of vaporization (also called latent 
heat), more energy is required to bring the feed to equilibrium 
on the feed tray than can be supplied by the condensing vapor. 
In order for the subcooled liquid in the feed to come to the 
equilibrium conditions on the feed tray, enthalpy is required. 
This enthalpy comes from condensing some of the saturated 
vapor. Therefore, the liquid flowrate below the feed increases by 
more than the feed flowrate. Additionally, the vapor flowrate 
above the feed is lower than the vapor flowrate below the feed, 
since some vapor condenses on the feed tray. 

A similar explanation exists for superheated vapor. Since hr 
> H, q < o. The superheated vapor must give up enthalpy to 
become saturated on the tray, which is obtained by vaporizing 
some liquid on the tray. Therefore, vapor flowrate increases 
above the feed tray and the liquid flowrate decreases below the 
feed tray. 

It can now be seen that 


= = L 


F 
(21.45) 


where the subscript F indicates feed. Adding Equations (21.36) 
and (21.40) with Equation (21.45), and then applying the overall 
more volatile component balance, 


Fzarp = Dzyap + Baap (21.46) 
yields 


q 1 
ee 


YA = ZAF (2 1 A7) 

Equation (21.47) is the equation of a line with slope q/(q — 1) 
and is called the q-line. If y4 = x4, it can be seen that one point 
on the line is (Z4p, Zar). Since the balances from the top and 
bottom sections were combined to give Equation (21.47), the 
top section, the bottom section, and the q-line must all 
intersect. This is illustrated in Figure 21.14 for a vapor-liquid 
mixed feed. Since the slope of the q-line is q/(q — 1), it can be 
seen that there are five possible q-lines, representing the 
different possible feeds, which are illustrated in Figure 21.15. 
Table 21.3 summarizes these results. 
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Figure 21.14 Operating Lines Intersecting Feed Line 
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Figure 21.15 Different Feed (q) Lines for Different Feeds: (a) 


Subcooled Liquid, (b) Saturated Liquid, (c) Vapor-Liquid 
Mixture, (d) Saturated Vapor, (e) Superheated Vapor 


Table 21.3 Mole Balances, Feed Condition, and Slope 
of q-line for Different Distillation Column Feed 
Conditions 


in Slopeoi q H= ir Liquid 
Feed Figure line — —2 ——\ Mole 
Condition q 21415 a1 H-h Balance 
Subcooled q a q hf< L>L 
liquid > 1< Tel h +F 
z < œ 
Saturated q b q hf= L=L 
m r a —_— = 00 
liquid = q—1 h +F 
1 
Vapor- 0) c —oo h< L=L 
liquid < q hp < + Lp 
mixture q E =Í <0 H 
< 
1 
Saturated q d q hf< I= b 
z — = 0 
vapor = mi H 
o 
Superheated q e q hf> L<L 
vapor < 0< q—1 h 
<1 


Vapor 
Mole 
Balance 


V<V 


+ Vp 


The ideal feed location is where the feed stream and the tray 
conditions match, which means matching composition, 
temperature, and pressure. Of course, the feed stream must be 
at a slightly higher pressure than the feed tray to allow flow into 
the column. So, a liquid feed would be brought close to 
saturation before entering the column. If the vapor effluent 
from a reactor were to be fed directly to a column, it would be 
cooled close to saturation. Two-phase feeds are also possible. If 
the column diameters above and below the feed are different 
enough to make it impossible, the feed conditions could be 
adjusted to equalize the top and bottom diameters. Therefore, 
in extreme situations, subcooled liquid or superheated vapor 
feeds might be desirable. 

The McCabe-Thiele method can be used to determine the 
number of equilibrium stages needed for a separation. If the 
desired top and bottom compositions are specified (or 
alternatively, fractional recoveries) and a reflux ratio chosen, 
the upper operating line can be drawn, and the lower operating 
line is drawn from the intersection of the upper operating line 
and the q-line. Then, as illustrated in Figure 21.16, the number 


of stages can be stepped off starting at the top with alternating 
horizontal lines and vertical lines. A horizontal line to the 
equilibrium curve is the solution to the equilibrium on a tray, 
and the vertical line to the operating line is the material balance 
on that tray (or from the top to any tray above the feed, or from 
the bottom to any tray below the feed). Each step is an 
equilibrium stage, so the total number of steps is the number of 
equilibrium stages required. It is observed that the vertical lines 
change from the upper operating line to the lower operating line 
when the step straddles the intersection of the q-line and the 
operating lines. This represents the optimum feed location that 
minimizes the number of stages. In Figure 21.16, the feed is on 
Stage 4 (always count from the top), and there are >7 stages. In 
the design phase, fractional stages can exist. Before the column 
is constructed, the extra stage would be added, and it would be 
planned to operate at a slightly different reflux ratio to make the 
bottom step intersect the point (x4g, XAB). 
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Figure 21.16 Complete McCabe-Thiele Construction 


A total condenser and a total reboiler are not equilibrium 
stages, since saturated vapor at the dew point is condensed to 
saturated liquid at the bubble point (total condenser), or vice 
versa (total reboiler). A partial condenser and a partial reboiler 
are equilibrium stages, since the condensation or vaporization is 
“partial” and there are equilibrium phases in equilibrium, just 
as in a flash operation. Partial condensers are used if a vapor 
product is needed or if there are noncondensable components. 
In appropriate applications, there can be a partial vapor-liquid 
condenser, in which noncondensables are removed as vapor, 
but a condensable, desired product is removed as a liquid. All of 
these configurations are illustrated in Figure 21.17. There is also 
a reflux drum present with a controlled liquid level to smooth 
out fluctuations. The reflux pump is necessary, because in an 
actual process, the condenser, reflux drum, and reflux pump are 
likely to be located close to the ground, so the pump provides 
pressure to overcome the head to return the reflux to the top of 


the column. 
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Figure 21.17 Different Types of Reboilers and Condensers 


Despite the limitations of the McCabe-Thiele method, a 
complete understanding of the graphical representations 
provides an understanding of distillation, including distillation 
with more than two components and distillation systems for 
which the constant molar overflow assumption is not valid. 


In a chemical plant, about the only variable that can be 
adjusted is a flowrate. In a distillation column, the flowrate that 
is adjusted is the reflux stream, which is typically described in 
terms of the reflux ratio, L/D. Figure 21.18 illustrates four 
different reflux ratios for a saturated liquid feed; however, the 
discussion that follows applies to any feed condition. Only the 
upper section of the column is shown. In Figure 21.18(a), the 
upper operating line intersects the equilibrium line and the q- 
line at the same point. If stages are stepped off, the intersection 
point is never reached. This is the minimum reflux ratio. The 
operating line in Figure 21.18(a) represents the minimum reflux 
ratio, which requires an infinite number of stages. However, if 
the reflux ratio is increased slightly, which lowers the y- 
intercept, as illustrated in Figure 21.18(b), a finite number of 
stages can be counted. As the reflux ratio increases, the 
intercept decreases, the steps get larger, and fewer equilibrium 
stages are needed. When the intercept equals zero, the reflux 
ratio is infinite, called total reflux, which is illustrated in 
Figure 21.18(d). At total reflux, there are no product streams 
and no feed. This is an operational limit, which is used to start 
up a distillation column and bring it to steady state. Therefore, 
the McCabe-Thiele diagram illustrates a key concept in 
distillation, that increasing the reflux ratio reduces the number 
of equilibrium stages required to obtain the same product 
specifications. A concept introduced in Chapters 18 and 19 is 
that just about the only way to adjust anything in a chemical 
process is to open or close a valve. In distillation, there would be 
valves included to adjust the ratio of L)/D in Figure 21.17. This 
is how the reflux ratio is adjusted. 


Xap/(R+1) YA 
Ya Xap/(R+ 1 ) 
XA 


XA 


(a) (b) 
YA YA 
XAD /(R+1) 
XA XA 
(c) (d) 


Figure 21.18 Effect of Increasing Reflux Ratio on Number of 
Stages: (a) Reflects Minimum Reflux, and (d) Reflects Total 
Reflux 


As the boiling points of the two components being distilled 
become closer, the equilibrium curve moves toward the 
diagonal line, since the equilibrium liquid and vapor mole 
fractions become closer together. Figure 21.19 illustrates that 
the minimum reflux ratio must be higher for a separation 
involving closer boilers, since, for the same feed, the y-intercept 
is smaller. Therefore, the actual reflux ratio must also increase 
for closer boilers. 
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Figure 21.19 Effect of More Difficult Separation (Closer 
Boilers) on Reflux Ratio 


The feed composition also affects the reflux ratio. The q-line 
moves to the left if the feed is dilute in the more volatile 
component. Figure 21.20 illustrates how a more dilute feed in 
the more volatile component requires a larger reflux ratio. Once 
again, only the minimum reflux ratio is shown. 
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Figure 21.20 Effect of More Dilute Feed in More Volatile 
Component on Reflux Ratio 


The feed condition also affects the required reflux ratio, as is 
illustrated in Figure 21.21 for the minimum reflux ratio for each 
feed condition. Subcooled liquid requires the lowest reflux ratio, 
while superheated vapor requires the highest reflux ratio. 
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Figure 21.21 Effect of Feed Condition on Reflux Ratio 


While it is difficult to illustrate, as the desired distillate mole 
fraction approaches 1.0 for a fixed number of stages, the slope 
of the upper operating line increases, so the intercept decreases, 
which means that a larger reflux ratio is needed. 

As the reflux ratio increases, all of the internal flowrates 
increase. As will be seen later, there is an associated increase in 
column diameter, but, as already stated, fewer equilibrium 
stages are required. However, as the internal flowrates increase, 
the amount of liquid that must be condensed and the amount of 
vapor that must be reboiled both increase, thereby increasing 
the heat duties of the condenser and reboiler. For a total 
condenser, the energy balance is 


VAy + Qc = Lh, + Dhp (21.48) 


Since hz = hp, because the enthalpy does not change when a 
stream splits, and since V = L + D, Equation (21.48) becomes 


N 
Qe = -V (Hy — hp) ~ -V X zip AB ap; 
i=1 
(21.49) 


which is how the condenser heat duty can be calculated. The 
approximation in the last equality in Equation (21.49) includes 
the assumptions of ideal gas behavior and ideal liquid solutions. 
If these conditions are not valid, a standard thermodynamic 
method for calculating the enthalpies of the vapor and liquid 
mixtures would be used. Equation (21.49) also shows that as the 
flowrate of the vapor stream increases, the condenser heat duty 
increases. For a given separation, with fixed feed and outlet 
flowrates, the value of V increases as reflux ratio increases; 
therefore, the condenser heat duty also increases. 


A similar development for the reboiler yields 


N 
QR = V (Hy = hz) x V X zig AHuapi 
i=1 


(21.50) 


where, once again, it is seen that as the internal flowrates 
increase, the reboiler heat duty also increases. 


The energy balances clearly show that as the reflux ratio 
increases, the heat duties increase, which means that the 
operating cost (virtually all heating and cooling utilities) of a 
distillation column increases. 


Table 21.4 summarizes the reasons for needing a high reflux 
ratio. Table 21.5 summarizes the effect of increasing the reflux 
ratio. Figure 21.22 illustrates the economics of a distillation 
column, and it is noted that Figure 21.22 is an illustration and 
not drawn to scale. As the reflux ratio increases, the number of 
trays decreases, so the cost of the column decreases. As the 
reflux ratio increases further, the diameter increases, so the cost 
of the column increases. As the reflux ratio increases, the cost of 
energy (utilities) increases, and the cost of the condenser and 
reboiler also increases. If the equipment cost is put on the same 
basis as the operating cost (utilities), which is done by assuming 
that the equipment cost is equivalent to a loan with periodic 
payments, the resulting curve suggests that there is an optimum 
reflux ratio. EAOC stands for Equivalent Annual Operating 
Cost, which is the sum of the actual operating costs (utilities) 
and the periodic payment on the initial equipment cost. The 
location of this optimum value for R/Rmin is a strong function 
of the cost of energy. In the mid-2o0th century, when energy was 
inexpensive, optimum values in the 1.5 to 1.8 range were 
recommended. In the latter part of the 20th century, when 
energy prices increased, optimum values in the 1.2 to 1.5 range 


were recommended. In the early 21st century, energy prices 
have fluctuated significantly, so it is important to remember 
that the optimum value changes with energy prices. 
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Figure 21.22 Optimization of Distillation Column 


Table 21.4 Reasons for Designing a Distillation 
Column with a Large Reflux Ratio 


Separation is between close boilers 


Feed dilute in more volatile component 


Feed contains more vapor 


Fewer stages desired (perhaps column is too tall) 


Energy is inexpensive 


Table 21.5 Economic Effect of Increasing Reflux Ratio 


Design Parameter Effect Economic Effect 


Number of stages (column height) Equipment cost decreases 
decreases 

Diameter increases Equipment cost increases 
Condenser/reboiler heat duties Operating cost (utilities) 
increase increases 


Condenser and reboiler costs 


increase 


Packed Columns 


A schematic of a packed column is shown in Figure 21.23. The 
concept is that liquid coats the packing, providing vapor-liquid 
surface area for mass transfer, similar to the vapor-liquid 
interface created by bubbles in tray columns. The packing can 
be random or structured. Random packing consists of small 
objects, for which there are a multitude of shapes, and the 
details are discussed later. These objects are randomly placed in 
a large, empty column. In contrast, structured packing consists 
of sections with a solid/void structure that are layered into the 
column. The key parameter is the interfacial area, introduced in 
Section 21.1.4. Separations in packed columns are continuous 
differential separations rather than staged separations. In 
continuous differential separations, equilibrium is assumed to 
exist at the vapor-liquid interface. The height of the column 
becomes the design parameter, as opposed to the number of 
stages. 
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Figure 21.23 Model of a Packed Column 


The height can be obtained from the interfacial area/cross- 
sectional area, S, by defining a mass transfer area, a, that is 
specific to each type of packing, with units of mass transfer 
area/packed volume. The packed volume includes the void 
fraction, which is specific to the packing dimensions and shape. 


Therefore, 
S=aZ (21.51) 


where Z is the height of the column. 


If the mass transfer area, a, of a packing is known, then the 
height, Z, can be calculated from S in Equation (21.51). 
Manufacturers provide specifications on packings, and there is 
an extensive literature available for some of the most common 
packing materials. The interfacial area/cross-sectional area, S, 
can be calculated from the height and number of transfer units. 
For this explanation, vapor transfer units and heights are used, 
as described in Equation (21.24). The height of a transfer unit 
Hy = V/F, in Equation (21.22) can be calculated if the internal 
flowrates are known, since there are correlations available for 
the mass transfer coefficient Fy. The question is how to evaluate 
the integral for the number of transfer units, Ny, in Equation 
(21.23). For this type of analysis, a McCabe-Thiele diagram is 
drawn, just as for staged separations; however, stages are not 
stepped off. The integral must be evaluated separately above the 
feed and below the feed, so one limit on each integral is the feed 
composition. As the values of mole fraction are varied between 
the feed and the distillate (top of column) and the feed and 
bottom (bottom of column), Equation (21.16) can be used with 
the material balance line (operating line) to determine pairs of 
corresponding values of y and y;. The graphical representation 
of the simultaneous solution for this problem is illustrated in 
Figure 21.24. Consistent with the two-film model in Figure 21.3, 
points on the operating line represent passing stream mole 
fractions at every point in the column. Similarly, points on the 
equilibrium curve represent the interface composition, assumed 
to be in equilibrium, at every point in the column. This set of 
pairs of (x, y) and (xj, yi) allows the integral in Equation (21.23) 
to be evaluated numerically. The total height of the column is 
the sum of the heights of the upper and lower sections, and the 
feed height is clearly defined. An important concept to 
understand is that Figure 21.24 clearly shows that equilibrium 
occurs at the interface at every location in the column, but that 
the equilibrium values are different at different values of the 
column height. 
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Figure 21.24 Solution of Two-Film Model and Material 
Balances in Distillation Column 


21.2.2.2 Mass Separating Agents 


The McCabe-Thiele method can also be used for separations 
with mass separating agents. There are some differences. In 
binary distillation, both components are volatile. On any stage, 
the more volatile component is transferred from the liquid 
phase to the vapor phase, while the less volatile component is 
transferred from the vapor phase to the liquid phase. For mass 
separating agents, the idealized situation is that a solute is 
transferred from one phase to a different phase, where both 
solvents are immiscible. The phase pairs can be gas-liquid 
(absorption and stripping), liquid-liquid (extraction), solid- 
liquid (leaching, washing, adsorption), or solid-gas 
(adsorption). (The difference between gas [e.g., air] and vapor is 
that the former does not condense at or near typical operating 
conditions, whereas the latter can condense at typical operating 
conditions.) 


The rigorous method is to solve Equations (21.3) and (21.4) 
simultaneously for every stage. For gas-liquid systems 
(absorption and stripping), energy balances might also be 
needed, since dissolving a gas into a liquid (absorption), HCl 
into water, for example, produces a heat of solution and a 
noticeable temperature change. For separations such as 
extraction and adsorption from a liquid, heat effects are usually 
negligible. If there are negligible heat effects and if the solvents 
are completely immiscible, the McCabe-Thiele method is 
applicable. If there is only one solute and two immiscible 
solvents and if the mole fractions are small enough, the total 
flowrates are approximately constant. Under these 
circumstances, Equation (21.4) can be rewritten as 

Yout — Yin L 


=— 21.52 
Lin — Lout V ( ? ) 


where the subscript i has been dropped, since there is only one 
solute. This is the equation of a straight line on a plot of y versus 
x with slope L/V connecting the points representing the inlet 
and outlet mole fractions. This is illustrated in Figure 21.25, 
assuming countercurrent operation, with an arbitrary 
equilibrium curve. For multistage separations, countercurrent is 
the norm. If the two phases flow in the same direction, called 
cocurrent separations, once equilibrium is attained in the 
first stage, all subsequent stages would be useless, since the feed 
to those subsequent stages would already be at equilibrium. 

Another difference between distillation and mass separating 
agents is that the operating line can be on either side of the 
equilibrium curve. As illustrated in Figure 21.25, if the solute 
transfers from the V phase to the L phase, Xout > Xin, and Yout < 
Yin, Since each point on the operating line represents streams 
passing in the opposite direction. If the solute transfers from 
the L phase to the V phase, Xin > Xout, and Yin < Your. If there are 
multiple stages, Equation (21.52) can be rewritten from one end 
of the cascade of stages to any intermediate stage 
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Figure 21.25 McCabe-Thiele Construction for Absorber (V to 
L) and Stripper (L to V) 


Y — Yin L 
———— = = 21.53 
T — Tout V ( ) 


which is the equation of the operating line for the separation. 
Once this operating line is known, the stages can be stepped off, 
as illustrated in Figure 21.26. 
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Figure 21.26 Stepping to Count Stages for Absorber and 
Stripper 


Consider a separation involving transfer from the V phase to 
the L phase. The inlet mole fractions, Yin and xin, would be 
known along with the inlet flowrate of the V phase, V. The 
purpose of the separation is to remove solute from the V phase, 
so the inlet mole fraction would be known. The inlet mole 


fraction of the L phase would presumably be known and be very 
small, if not zero. There would probably be a target amount of 
solute to be removed or a target outlet mole fraction, so Your 
would also be known. Figure 21.27 shows that the flowrate L can 
have multiple values for a fixed value of V, but as L gets smaller, 
resulting in a smaller slope, the operating line gets closer to the 
equilibrium curve, resulting in more steps, meaning more 
stages are needed. This is analogous to the trade-off between 
reflux ratio and number of stages in distillation. The destination 
solvent rate replaces the reflux ratio. There is also a minimum 
solvent rate, which is determined either by the intersection of 
Yin with the equilibrium curve or by a tangent, depending on the 
curvature of the equilibrium curve. 
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Figure 21.27 Minimum Solvent Rate for Absorber 


For continuous differential separations, the operating line 
and equilibrium curves are similar to those in staged 
separations, since there is an equilibrium relationship and since 
the operating line represents the tray-to-tray mass balances. 
The method described in Section 21.2.2.1 would be used to 
evaluate the integral for the number of transfer units. 


21.2.3 Dilute Solutions—The Kremser and Colburn Methods 


Under the following conditions, an analytical solution can be 
found for countercurrent separations. The assumptions are 


e Dilute solutions 

e Total stream flowrates remain constant 
e Equilibrium relationship is linear 

e Isothermal operation 


e No energy associated with transfer between phases 


The results are presented without derivation. The result for 
transfer from the V phase to the L phase for staged separations 
is called the Kremser method [5, 6] and is 
Yout — Min 1—A 


Yin — MLin ~ 7 ANGI (21.54) 


where A = L/mV and is called the absorption factor (because 
this method is traditionally applied to gas absorption into a 
liquid, but it is valid for any separation that is consistent with 
the assumptions), N is the number of stages, and m is the 
partition coefficient from the equilibrium expression y = mx. 
Equation (21.54) can be written explicitly for N as 


1 Yin MTin 1 
N= A (2 B 4) (ae) = a 
7 In A 
(21.55) 


There is no explicit relationship for A. For transfer from the 
L phase to the V phase, the equivalent relationship is shown in 
Table 21.6. When A = 1, Equations (21.54) and (21.55) are 
indeterminate. The results for such a case, obtained from 
application of L’H6pital’s rule, are also presented in Table 21.6. 


Table 21.6 Expressions for Kremser and Colburn 
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For continuous differential separations with transfer from 
the V phase to the L phase, the relationships are attributed to 
Colburn [7] and are 


and 


(21.57) 


where Noy is defined in Table 21.2. 


Table 21.6 summarizes the relationships presented for 
transfer from the V phase to the L phase and also presents the 
relationships for transfer from the L phase to the V phase. In 
the latter case, S is the stripping factor, which is the inverse of 
the absorption factor. 

The Kremser and Colburn results are often presented in 
graphical form, and they are shown in Figures 21.28 and 21.29, 
respectively. Although it is easy to solve the equations, even for 
A, similar to the McCabe-Thiele method for distillation, a 
thorough understanding of these graphs provides a full 
conceptual understanding of separations involving mass 
separating agents. 

Parameter: 


A (transport y to x) or 
1/A (transport x to y) 


0.1 es Ñ DNI - i i 0.9 


0.01 T ‘avi 


(Yout— M%in)/(Yin — MXin) (transport y to x) or 
(Xout — Yin/™)/ (Xin— Yin/m) (transport x to y) 


TON 
\ 


fi i yA \ 
æ 50 3025 2018161514 13 1.2 


0.0001 
1 10 


Number of gas transfer units, Ny (transport y to x) or 


Number of liquid transfer units, N, (transport x to y) 


Figure 21.29 Graph for Colburn Equation for Continuous 
Differential Separations 


Consider a separation with transfer from V to L. It is desired 
to remove solute from the V phase such that Yout/Yin = 0.1 using 
a pure solvent, so Xin = O. Point a on Figure 21.30, which is a 
blown-up portion of Figure 21.28, shows one possible solution 
to the problem, N = 5.0 and A = 1.2. Moving along the 
horizontal line in either direction shows that the same 
separation can be accomplished by increasing N and decreasing 
A, and vice versa. Since A œ L, this illustrates the trade-off 


between the number of stages and the solvent flowrate. If it is 
desired to improve the separation such that Yout/Yin = 0.005, 
there are two possible methods. One is to increase N at constant 
A, adding more stages, which makes sense. This is illustrated by 
following the A = 1.2 line down to Point b on Figure 21.30. 
Another possibility is to increase A at constant N, which is 
illustrated by the vertical line down to Point c on Figure 21.30. 
There are two ways to increase A. One is to increase the solvent 
flowrate L, which should make sense. Another method is to 
decrease m. Since y = mx at equilibrium, decreasing m 
decreases the ratio y/x, which means that the L-phase mole 
fraction at equilibrium increases and/or the V-phase mole 
fraction decreases at equilibrium, favoring the L-phase. For the 
specific application of gas absorption, an expression for m 
might be m = P*/P. If the pressure increases, m decreases, 
which makes sense since increasing the pressure favors the 
liquid phase. If the temperature decreases, P* decreases, so m 
decreases, which makes sense since decreasing the temperature 
favors the liquid phase. For a given target separation, if a 
certain A value is needed, an unfavorable m value, which is a 
large value for absorption, can be overcome by increasing L as 
much as needed. While this works in principle, there could be 
operability issues. 
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Figure 21.28 Graph for Kremser Equation for Staged 
Separations 
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Figure 21.30 Basic Concepts of Separations Involving Mass 
Separating Agents 


To generalize, even though all separations involving mass 
separating agents do not follow the assumptions in the Kremser 
or Colburn methods, a thorough understanding of those graphs 
provides a thorough understanding of the trends in separations 
involving mass separating agents. To reiterate what is 
illustrated in Figure 21.30, Point a shows a target separation, as 
defined by a value on the y-axis (which is the same y-axis as in 
Figures 21.28 and 21.29). It is being accomplished with a certain 
number of stages (or transfer units) at a certain A (or S) value. 
The same level of separation, defined by the same value of the 
y-axis, can be achieved with a lower A value and more stages 
(Point d) and a larger A value and fewer stages (Point e). This 
illustrates a trade-off between the absorption (stripping) factor 
and the number of stages (transfer units). Within the 
absorption (stripping) factor, for the purposes of this example, 
it is assumed that the equilibrium constant cannot be changed 
and that the value of L (V) is fixed by upstream demands 
(meaning that the flowrate of material that must be processed 
in the separator is fixed). A higher A (S) value corresponds to a 
higher liquid flowrate (vapor flowrate). This means that the 
trade-off between absorption (stripping) factor and the number 
of stages (transfer units) is actually a trade-off between liquid 
(vapor) flowrate and the number of stages (transfer units). 
Since A (S) is the key parameter, this also demonstrates how to 
overcome an unfavorable equilibrium condition. For transfer 
from V to L, it would be desirable for m to be less than unity, 
meaning the mole fraction in the liquid phase is always less 
than that in the vapor phase. This means that the equilibrium 
favors the liquid phase. However, if m is greater than unity, 
which alone reduces the value of A (S), the unfavorable 
equilibrium can be offset by increasing the value of the 
destination solvent, L (V). There are equipment limitations to 
the relative flowrates of the two phases that are dependent of 
the specific phases involved, and these will be discussed later in 
the chapter. Finally, at a constant number of stages (transfer 


units), if A (S) is increased, the value of the y-axis decreases, 
which means a better separation. This is illustrated by the 
vertical line through Points a and c in Figure 21.30. 

If A <1, where A is the absorption factor, L/(mV), there is a 
limiting behavior. It can be seen that for A < 1, increasing the 
number of stages does not improve the separation beyond an 
asymptotic limit. Normally, it would be expected that increasing 
the number of stages would improve the separation, but this is 
only true for A = 1. The reason can be understood by looking at 
the McCabe-Thiele diagrams shown in Figure 21.31. If the 
equilibrium line is defined by y = mx, and the slope of the 
operating line is L/V, as shown in Section 21.2.2, then, if A < 1, 
L/V < m, so the operating line approaches the equilibrium line 
at the bottom of the column (see also Figure 21.25), which is the 
most concentrated part of the column. Therefore, since the 
solution is approaching saturation at the concentrated portion 
of the column, where solvent capacity is needed most, the ability 
to transfer solute is limited, causing the observed asymptote. If 
A > 1, L/V > m, and equilibrium is approached at the less 
concentrated portion of the column. For transfer in the opposite 
direction, while the operating line is below the equilibrium line, 
the argument is exactly the same. 
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Figure 21.31 Approach to Equilibrium at More Concentrated 
End of Column 


For continuous differential separations, the discussion just 
presented is identical, except that the number of transfer units 
replaces the number of stages. Once again, it is important to 
remember that the number of transfer units is not numerically 
equal to a number of stages. However, as the number of transfer 
units increases, the required interfacial area increases 
(Equation [21.24]). For a gas-liquid separation, this means that 
the height of the packed column increases. Similarly, as the 


number of trays increases, the height of a tray column increases. 

For other separations, such as liquid-liquid extraction, if the 
equilibrium is linear and the solutions dilute, the Kremser and 
Colburn methods can be used, and all of the same trends are 
true. Quite often, liquid-liquid equilibrium obtained 
experimentally is expressed in terms of mass fraction, so the 
flowrates become mass flowrates. In most textbooks, the letters 
used to represent these flowrates are different to conform with 
chemical engineering jargon. The output stream from the feed 
stream (F) is called the raffinate (R). The destination solvent 
input stream is denoted S, and its output stream is called the 
extract (E). To avoid confusion of letters, an alternative 
method is to retain the symbols L and V and use L for the 
heavier (more dense) phase (often water) and V for the lighter 
(less dense) phase (usually organic). In reality, as long as the 
equilibrium expression is written correctly, the choice of 
symbols used is irrelevant. 


Example 21.3 


Consider a gas-liquid separation in which acetone in air 
is absorbed into water to purify the exhaust air. The 
equilibrium is described by Raoult’s law, and the vapor 
pressure is given by 


3598.4 
T (K) 
(E21.3a) 


In P* (atm) = 10.92 — 


An absorber is to be designed to treat 100 kmol/h of air 
containing a mole fraction of 0.05 acetone and reduce it 
to a mole fraction of 0.0001. Pure water is used as the 
solvent at a rate of 50 kmol/h. 


1. At a temperature of 35°C and a pressure of 1.25 atm, how many 
equilibrium stages are needed in a tray tower? 

2. At the same conditions as in Part (a), how many transfer units are 
needed in a packed tower? 

3. For the tray tower, suggest another set of conditions that would 
accomplish the desired separation. Any parameter may be 
changed other than the inlet gas conditions. 

4. Suppose it is suggested that an existing tray tower with 7 stages be 
used for this separation. At the same temperature and pressure, 
what liquid flowrate is needed? 

5. Suppose it is suggested that an existing packed tower with 15 
transfer units be used with all other operating conditions 
unchanged. What outlet mole fraction is expected? 


Solution 


1. Assuming Raoult’s law, m = P*/P = 0.375. Since the transfer is 
from L to V, the parameter is A, and A = 50/0.375/100 = 1.333. 
From the equation in Table 21.6, explicit in N, for V —> L transfer, 
N = 8.98. Since there are no fractional stages, the value would be 
rounded up to 9 stages. 

2. With all of the parameters identical to the solution to Part (a), the 
equation in Table 21.6, explicit for Noy, for V — L transfer, yields 


Nov = 10.34. This value would not be rounded, because, to get the 
column height, it would be multiplied by Hoy, and the resulting 
value of the height does not have to be an integer. 


3. There are an infinite number of solutions. For example, if the 
number of stages were increased to 10, A would become about 
1.28. There are then an infinite number of temperature, pressure, 
and L values that could equal this value. 

4. In this case, the desired separation, that is, all mole fractions on 
the y-axis of the Kremser graph (Figure 21.28), are known, and 
the number of stages is known. The unknown value is A. The 
equation for V — L transfer in Table 21.6 explicit in the mole 
fraction function and containing N must be solved for A. The 
value is 1.504. With m and V known, solving for L yields L = 56.4 
kmol/h. This makes sense, since, with fewer stages, the 
destination solvent rate must be increased. 


5. In this case, the value of A and the number of stages are known. 
The unknown value is the mole fraction function. The equation for 
V — L transfer in Table 21.6 explicit in the mole fraction function 
and containing Noy must be solved for your. The result is yout = 
8.41 x 10-6. This makes sense, since, with more transfer units 
with everything else held constant, there should be more solute 
removal from the original phase. 


21.3 EQUIPMENT 


21.3.1 Drums 


Drums are used in partial vaporization/condensation 
operations and in distillation columns, among other uses. A 
brief review of these drums is presented here, and more details 
of their design are presented in Chapter 23. 


As discussed in Section 21.2.1, after a partial 
vaporization/condensation, the vapor-liquid mixture must be 
allowed to disengage so that separate vapor and liquid streams 
can be removed continuously. These drums, often called 
knockout drums, are usually vertically oriented with a typical 
height-to-diameter ratio between 2.5/1 and 5/1. 

Distillation columns have reflux drums, as illustrated in 
Figure 21.17. The purpose of the reflux drum is to smooth out 
fluctuations, particularly in the reflux stream, by maintaining 
and controlling the liquid level in the drum. It is also important 
to understand that the reflux drum and reflux pump, while 
drawn at the top of the column, are typically located closer to 
the bottom of the column. It is usual to locate equipment such 
as pumps closer to the ground because it makes maintenance 
easier, and often the reflux drum will be located directly above 
the reflux pump, which is located at ground level. The height of 
the drum above ground level is often determined on the basis of 
the required net positive suction head (NPSHp) of the pump 
(see Chapter 19, Section 19.5.2). Therefore, the reflux pump 
must be designed to supply the head necessary (plus a small 
frictional loss) for the reflux stream to flow from ground level to 
the top tray of the tower. Reflux drums are usually horizontally 
oriented, with a typical length-to-diameter ratio between 2.5/1 
and 5/1. 


While not specifically related to distillation equipment, 
drums are also used when mixing liquid streams, with the most 
common example being mixing recycled liquid and feed liquid. 
The liquid level in these drums is controlled by varying the fresh 
feed flowrate. These mixing drums serve a similar purpose as 
reflux drums; the downstream flowrate is maintained by 
controlling the liquid level in the drum. Mixing drums are 
usually vertically oriented, with a height-to-diameter ration 
between 2.5/1 and 5/1. 


21.3.2 Tray Towers 


21.3.2.1 Types of Trays, Flow Patterns, Downcomers, and Weirs 


The simplest type of tray in a distillation column is a sieve tray, 
which is a plate containing holes, usually less than 1-in 
diameter. The purpose of the holes is for the vapor to flow up 
through the holes and form bubbles that pass upward through a 
level of liquid on the stage. The presence of bubbles creates 
surface area for mass transfer between the phases. The liquid 
flows across the tray, and the liquid level on the tray is 
maintained by a weir. The liquid flows over the weir and down 
to the tray below through a channel that is called a 
downcomer. The simplest flow pattern is across one tray and 
then across the tray below in the opposite direction. The liquid 
flows down due to gravity, while the vapor flows upward due to 
the pressure drop, since it has been established that both the 
temperature and pressure are higher at the bottom of the 
column. Figure 21.32 illustrates the internals of a distillation 
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Figure 21.32 Details of Internal Construction of a 
Distillation Column (Couper, J. R., et al., Chemical Process 
Equipment, Selection and Design, 3rd ed. [Boston: Elsevier, 
2012]) 


The holes in the trays can also have caps or valves. The 


former are bubble cap trays, and the latter are valve trays. 
Bubble cap trays were the earliest ones used, but sieve and valve 
trays have replaced them [8]. Figure 21.33 illustrates various 
types of caps and one valve. Bubble caps make smaller bubbles 
than sieve trays, which can be seen by the design of the holes in 
the cap. However, they are more expensive than sieve trays. 
Valve trays have a cap on the hole without the extra holes for 
bubbles. Bubble caps and valves move up and down with the 
vapor flowrate, so they are more amenable than sieve trays to 
scale-down. Since, at low vapor flowrates, the bubble cap or 
valve covers the top of the hole, bubble cap and valve trays are 
less prone than sieve trays to a phenomenon called weeping. 
Weeping is where the liquid falls through the holes in the trays 
due to low vapor flowrate, and it is an undesirable situation. 
However, bubble cap trays are more expensive than valve and 
sieve trays, and they are more prone to fouling, because the 
small holes can collect solids, and the smaller bubbles mean a 
higher pressure drop. While sieve trays are more prone to 
weeping, they are easier to clean during plant shutdown and are 
recommended for services in which fouling or corrosion is 
anticipated. There are also fixed valve trays, in which the valves 
covering the holes do not move. They are not prone to sticking 
shut and erosion, and they are better suited for process upsets. 
More details are available elsewhere [9]. 


Ed 5 = 
Mra 


(a) 


(b) 


Figure 21.33 (a) Different Bubble Cap Designs, (b) a Valve 
for a Valve Tray (Reprinted and Electronically Reproduced by 
Permission from Wankat, P., Separation Processes. Includes 
Mass Transfer Analysis, 4th ed. [Upper Saddle River, NJ: 
Prentice Hall, 2017]) 


Figure 21.32 suggests a cross-flow pattern of liquid on 


alternative trays. This is the most common flow pattern, 
because of its simplicity. However, as the flow path of fluid 
becomes long (for large diameter trays) it may be desirable to 
reduce the flow path resulting in other flow patterns (double- 
pass trays, triple-pass trays, etc.). One reason for this is the 
difficulty in building a large-diameter column with perfectly 
horizontal trays, because very large-diameter trays are “field 
erected” in sections; they are not in one piece. Figure 21.34 
shows one alternative, a two-pass tray, in which the flow is edge 
to center and back. One advantage of this flow pattern is that 
the flow is split, so that there is less liquid loading on a given 
tray. Another advantage is that variation in the height of liquid 
above the tray is more uniform and bubbles do not bypass the 
part of the column near the weir. The two-pass flow pattern is 
more common for large-diameter trays and high liquid rates. Its 
main disadvantages are the added complexity and cost. 


One pass Two pass 


Figure 21.34 Comparison of One-Pass and Two-Pass Trays 
(Pilling, M., “Design Considerations for High Liquid Rate Tray 
Applications,” Proceedings of 2006 AIChE Annual Meeting, 
Paper 264e, 2006, Courtesy of Sulzer Chemtech AG [10]) 


As will be discussed later, the weir height, which is the main 
component of the level of liquid on the tray, affects the column 
pressure drop, since the vapor flowing upward must overcome 
the liquid head on each tray. While this suggests a small weir 
height is desirable, for a large-diameter column, it may be 
difficult to guarantee completely level trays, which may lead to 
puddles and dry spots on the tray causing poor liquid-vapor 
contact and low efficiencies. Therefore, weir heights less than 2 
in are rare, although possible, when a low pressure drop is 
required. Another limitation is entrainment, which is a mist of 
liquid formed from the froth on the tray being carried up to the 
tray above. This results in remixing of liquid from the tray 
below to the tray above, counteracting any change in 
concentration that occurred in the liquid phase between trays. 
Clearly, this is counterproductive to the objective of the 
separation. If the weir height is kept low, entrainment is less 
likely. Typical weir heights are in the 2-in to 4-in range and are 
always less than one-half the distance (spacing) between the 
trays. 


21.3.2.2 Flooding: Entrainment, Tray Spacing, Column Height, 
and Column Diameter 


Determining the number of trays is only the first step in 


designing a tray column. The height is based on the tray 
spacing. The diameter is based on a concept known as flooding, 
which can be caused by excessive entrainment. Additionally, the 
tray spacing affects flooding. 

Entrainment is the situation where the upward-flowing 
vapor carries liquid from the tray below to the tray above. 
Effectively, this results in a mixing of liquids at different 
compositions, negating or reducing the separation that has 
occurred. Flooding can be caused by excessive entrainment. 

The column diameter is based on flooding. Another way to 
think about flooding is that, if the upward vapor velocity is too 
large, the drag force on the liquid exceeds gravity, and the liquid 
does not fall through the column. A precursor to flooding is 
called loading, and this is manifested by a rapid increase in the 
pressure drop in the column. Based on the relationship between 
mass flowrate and velocity developed in Chapter 19, rn = pAv, 
for a given mass flowrate, the velocity can be reduced by 
increasing the cross-sectional area of the column, that is, by 
increasing the column diameter. Typically, columns operate in 
the range of 75% to 80% of flooding; therefore, to determine the 
diameter of the column, the flooding velocity must be 
calculated. 


Tray spacing also affects flooding. The typical tray spacing is 
between 18 and 24 in. This allows for easy access for 
maintenance. Tray spacings up to 36 in can be found, and, for 
good reason, smaller tray spacings are possible. The column 
height is the number of trays times the tray spacing plus 
additional height at the top and bottom of the column. In 
addition, the column is usually raised off the ground by means 
of acolumn skirt. One reason is that the bottom product leaves 
the column as saturated liquid, and additional head is needed to 
avoid the NPSH issues discussed in Chapter 19 if a pump is 
needed to provide additional pressure to move the bottom 
product to its next location. 


Flooding velocities are calculated from empirical 
correlations based on experimental results. The most commonly 
available result is for sieve trays. There are so many different 
kinds of bubble caps and valves that there is no single, 
universally applicable empirical correlation available for these 
types of trays. Sieve trays, on the other hand, are simple and 
generic. The correlation attributed to Fair and Matthews [11] is 
one of the most commonly cited, and it is presented graphically 
in Figure 21.35. In Figure 21.35, the x-axis is a parameter 
usually called F),, which includes the ratio of mass flowrates 
through the column. The y-axis is a flooding capacity factor that 
allows calculation of the flooding velocity. Since it has been 
established that, in the most general case, these flowrates are 
different on every tray, process simulators perform the flooding 
calculation on every tray and provide a profile of diameters. 
This is called tray sizing, and the user input must include the 
tray spacing. There is also active area versus total area. The 


active area does not include the cross-sectional area for the 
downcomers and is the active area for the upward vapor flow. 
Typically, the active area is 85% to 90% of the total area, the 
column diameter is calculated on the basis of the total area, and 
this parameter is also input to a simulator. Typically, once the 
tray sizing profile is obtained from a simulator, a diameter is 
chosen, and a tray rating is performed for the given diameter, 
which results in a percentage-of-flooding profile for the column. 
As long as there are no trays that are flooding or are close to 
weeping (<40% of flooding for sieve trays), that diameter is 
appropriate. If a constant diameter column results in operation 
of some trays above the 80% flooding limit and some below the 
weeping limit, then the use of different column diameters above 
and below the feed may have to be considered. This situation is 
not uncommon for high vacuum operation. 
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Figure 21.35 Capacity Factor for Flooding of Sieve Trays 
from Fair and Matthews (Reprinted by Permission from 
Petroleum Refiner, Copyright 1958, Gulf Pub. Co.) 


To estimate the column diameter without a simulator, 
McCabe-Thiele approximate results are used. In this method, 
the flowrates are constant in each section of the column, so 
there are only two possible calculations, above and below the 
feed. An equation has been suggested to determine the limiting 
(larger diameter) section [1]. Intuitively, it may seem that the 
section with the larger molar flowrates will require a larger 
diameter. However, while the chemistry of phase equilibrium is 
based on molar flows and compositions, equipment sizing is 
based on mass flowrates. Therefore, the molecular weight also 
affects the mass flowrate. Additionally, based on the 
relationship between mass flowrate and velocity, rn pAu, the 
density affects the velocity, so a large temperature difference 
can be significant. Finally, especially in vacuum columns, the 
pressure drop can be a large fraction of the column pressure, 
which means that the vapor density can change significantly 
through the column. In general, the most desirable feed 
conditions are saturated liquid, saturated vapor, or a vapor- 
liquid mixture, because the feed should match column 
conditions (saturated). This suggests that the molar flowrates 
below the feed will be larger than those above the feed. Quite 


often, the higher boiler, which is at the bottom of the column, 
has the larger molecular weight. Thus far, it seems like 
designing for the bottom of the column is limiting. However, the 
pressure and temperature at the bottom of the column are both 
larger. For an ideal gas, the density p = PM/RT, where M is the 
molecular weight, so, depending on the exact numbers, the 
effects of temperature and pressure may offset. For vacuum 
columns, the pressure and therefore density will be significantly 
smaller above the feed. While it is usually most desirable to 
design a column with a uniform diameter, vacuum columns 
often have different diameters, larger above the feed and 
smaller below the feed, because the velocity above the feed is so 
much larger than the velocity below the feed. In a standard 
column, if the diameters above and below the feed are not 
compatible, that is, one section is so far below flooding to create 
weeping, the feed can be made into a vapor-liquid mixture to 
equalize the mass flowrates in both sections. In 
multicomponent distillation columns, flowrates change on every 
tray, and there are methods such as pump-arounds that can be 
used to avoid localized flooding [1]. At the level of the estimated 
diameter calculation, it is probably best to determine the 
diameter both above and below the feed. 


The curves in Figure 21.35 have been fit to the equation [1] 


logioCso,¢ = —a — blogio Fw — cllogio Fix)” 
(21.58) 


where the constants are given in Table 21.7 for the different tray 
spacings. 


Table 21.7 Constants in Equation (21.58) 


| Tray Spacing (in) a b c | 
| 6 1.1977 0.53143 0.18760 | 
| 9 1.1622 0.56014 0.18168 | 
| 12 1.0674 0.55780 0.17919 | 
| 18 1.0262 0.63513 0.20097 | 
| 24 0.94506 0.70234 0.22618 | 
| 36 0.85984 0.73980 0.23735 | 


Source: Wankat, P., Separation Processes. Includes Mass Transfer 
Analysis, 4th ed., Prentice Hall, Upper Saddle River, NJ, 2017. 


The parameter F} is defined as 


LM; (z J 
F, = — 21.59 
i VMy \ ex ( ) 


where L and V are molar flowrates, and M; and My are 
molecular weights used to convert the molar flowrates to mass 
flowrates. 


The nomenclature in Equation (21.59) and Figure 21.35 
must be understood. First of all, throughout the history of 
separations, the variables V and G have been used somewhat 
interchangeably. V stands for vapor, while G stands for gas. V is 
being used in this chapter for all gas-vapor phases, but the 
original correlation of Fair and Matthews [11] used G. On the x- 
axis of Figure 21.35, it is assumed that L and G are in mass 
units; Equation (21.59) expresses this clearly. On the y-axis of 
Figure 21.35, the parameter Cp flood, Which is abbreviated here 


as Csp f iS 
(2)" (” — py J 
Coot = Us | — even 
ej PV 


(21.60) 


where uf is the flooding velocity in ft/sec, and ø is the surface 
tension of the liquid phase in dyne/cm?. The units of Equation 
(21.60) are exactly as stated; there is no metric equivalent 
available. Since the surface tension term is raised to a small 
power, only a small amount of error is introduced by assuming 
the entire term is unity. 


The algorithm to determine the column diameter required is 
as follows: 


1. Determine all internal flowrates in molar units. For distillation, this 
involves knowing the reflux ratio and the feed condition. For mass 
separating agents, the flowrates are likely given. Convert these to mass 
units. For distillation, it is usually assumed that the molecular weights in 
the vapor and liquid phases are equal, because the phases are not that 
different in composition. For mass separating agents, especially in dilute 
solutions, the molecular weight is approximately that of the solvent. (This 
may not be true for nondilute vapor phases.) 

2. Determine the liquid and vapor densities. The liquid density must be 
found from a reference. The vapor density can be estimated using the 
ideal gas law or another equation of state. The top and bottom 
temperatures and pressures are used, depending on which section the 
calculation is based. 

3. Calculate Fi using Equation (21.59). 

4. Use Equation (21.58) or Figure 21.35 to determine Cy. 

5. Calculate uf (which will be in ft/sec) from Equation (21.60). If metric units 
are desired, convert it to m/s. 


6. Calculate the actual velocity (Uactual) as a percentage of the flooding 
velocity. 


7. Calculate the column active area from 


VMy 


yrs 
PUactual 


(21.61) 
where VMV is the mass flowrate m. 


8. Determine the actual column area as actual area = active area/fraction 
active area. 


9. Determine the column diameter from the actual area. 


Example 21.4 


A distillation column that has a total condenser and a 
partial reboiler is fed 500 kmol/h of an equimolar 
mixture of pentane and hexane. The feed is saturated 
liquid. It is necessary to produce outlet streams 
containing 95 mol% pentane and 99 mol% hexane. The 
distillation column contains a partial reboiler and a total 
condenser and operates at 1.4 times the minimum reflux 
ratio, which is a reflux ratio of 1.06. It has been 
determined that the column requires 15 equilibrium 
stages with the feed on Stage 5. The pressure at the 
bottom of the column is 2 bar. Assume that the McCabe- 
Thiele approximation is valid. 


1. Determine the exit flowrates, D and B. 

2. Determine all of the internal flowrates. 

3. Determine the required column diameter for sieve trays with a 24- 
in tray spacing operating at 75% of flooding with 88% active area. 


Data provided: 
Antoine Coefficients 
A B Cc SG 
Pentane 6.85296 1064.84 232.012 0.626 
Hexane 6.87601 1171.17 224.408 0.655 
Solution 


Figure E21.4 illustrates this column. 
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Figure E21.4 Illustration of Example 21.4 


1. The outlet flowrates are obtained from an overall mole balance 
and a pentane mole balance: 


500=D+B (E21.4a) 


500(0.5) = 0.95D + 0.01B (E21.4b) 


The result is that D = 261 kmol/h and B = 239 kmol/h. 

. The internal flowrates are calculated from the top to the bottom, 
since the reflux ratio is the additional piece of information needed 
to start the calculation. Since R = L/D, and R and D are known, L 
= (1.06)(261) = 277 kmol/h. From a mass balance on the 
condenser, V = L + D, V= 538 kmol/h. Since the feed is saturated 
liquid, it is assumed that all of the feed goes to the bottom of the 
column. Therefore, L = L + F = 777kmol /h, and 

V = V = 538 kmol /h. If the feed contained a vapor-liquid 
mixture, then the vapor flowrate above the feed would be larger 
than that below the feed by the flowrate of vapor in the feed. If the 
feed was saturated vapor, then the liquid flowrate would be 
assumed identical between the top and bottom, and the vapor 
flowrate above the feed would be the vapor flowrate below the 
feed plus the feed. These flowrates are all needed for the flooding 
calculation to determine the column diameter. 

. Since all of the liquid feed goes to the bottom of the column, the 
initial design will be for the bottom of the column, because it is 
assumed that the flowrates will be higher below the feed, 
requiring a larger diameter. For completeness, the top diameter 
will also be determined. 

To use Equation (21.59), the vapor density must be calculated. 
Ideal gas will be assumed, so that 


PM (2 bar) (96 kg/kmol) ‘ 
pv = = = 6.31 kg/m 
RT (0.08314 mbar /kmol/K) (273.15 + 92.62 K) 
(21.4c) 


In Equation (E21.4c), the molecular weight of hexane is used for 
the bottom of the column, and the bottom temperature is obtained 
from Antoine’s equation at 2 atm for pure hexane. This is clearly 
an assumption. On the bottom tray, since there is almost pure 
hexane, the assumption may be valid. However, the temperature 
decreases on every tray above the feed, as does the pressure and 
the molecular weight (since pentane has a lower molecular 
weight). So, without knowing the pressure drop, the pressure is 
assumed to be uniform throughout the column. The small change 
in vapor density within the column is not significant relative to the 
other assumptions in this approximate calculation. Additionally, 
the bottom temperature is really the bubble point of the mixture. 
Overall, this method is clearly an estimation. In a process 
simulator, for example, the calculation that follows is performed 
rigorously on every tray. 


From Equation (21.59), 

_ IMr (pv\*? _ 7776.31 

= V My \ PL ~ 538 | 626 
(E21.4d) 


0.5 
Fw | = 0.145 


The molecular weight is omitted from the calculation in Equation 
(E21.4d), because it is assumed that the compositions of vapor 
and liquid on a tray are about the same, so the average molecular 
weights are about the same. This only holds for distillation. For 
absorbers and strippers, the molecular weight must be included, 
and a good starting approximation is the molecular weight of the 
solvent. 

Applying Equation (21.58) for 24-in tray spacing, using the values 
in Table 21.7, yields Csp,f = 0.3054. The flooding velocity is then 
calculated from Equation (21.60): 


o \02 by 0.5 6.31 0.5 
Sg E E EE 
us = Cans ( D (— =>, ) (a —6.31 ) pees 


(E21.4e) 


The term involving surface tension is assumed to be unity. In the 
worst case, if water was involved, with a surface tension of 72 
dyne/cm2 at room temperature, the term would be (72/20)o.2 = 
1.3. For organic molecules, the surface tension at room 
temperature is on the order of 30 dyne/cm2, so omitting this term 
is within the approximations of this calculation. At 75% of 
flooding, the actual vapor velocity is u = 0.75(3.025 ft/sec) 
(0.3048 m/ft) = 0.692 m/s. Now, the active area is calculated 


from 

m VM (538 kmol/h) (96 kg/kmol) 
Aactive ign tae i yr Sea coe ae = 3.28 m? 

pu pu (6.31 kg/m ) (0.692 m/s) (3600 s/h) 

(E21.4f) 
So, the actual area, Aactual, is 3.28/ 0.8? = 3.73 m’. Solving for the 
diameter, 
4 Aactual p 4 (3.73 m?) as 
d= (e) = | ——— = 2.18m 
T T 


(E21.4g) 


If the entire calculation was repeated for the top, using the 
molecular weight of pentane (72 kg/kmol) and the top section 
density (5.23 kg/m3, calculated using the top temperature of 
58.05°C) and flowrates, the top diameter would be 1.73 m. To 
determine whether the top section will perform correctly, the 
actual velocity above the feed is calculated assuming that the 
bottom active area is the same as the top active area, that is, the 
column is at uniform diameter, 


VM (538 kmol/h) (72 kg/kmol) 0.63 m/ 
Uactual = = = U.00 M/S 
tual pAsctive (5.23 kg/m?) (3.28 m3) (3600 s/h) 
(E21.4h) 


and the percentage of flooding in the top section is (0.63 
m/s)/[(0.3048 m/ft)(3.025 ft/sec)] = 0.68. Since this is not small 
enough for weeping to occur, then a 2.18 m diameter column will 
work. 


21.3.2.3 Tray Efficiency 


Real trays are not 100% efficient, which means that they are not 
equilibrium trays. In a column, the tray efficiencies must be 
known to determine the number of actual trays. Individual tray 
efficiencies can be defined on the basis of the fractional 
approach to equilibrium, and these are called Murphree 


efficiencies: 
[Op eee ee (21.62) 
Yout _ Yin 
nene, T 
Em = e (21.63) 
Tout — Vin 


where the numerators represent the actual mole fraction change 
on a tray, and the denominators represent the mole fraction 


change on a tray if equilibrium is reached on the tray. The 
subscripts V and L represent a vapor-phase and a liquid-phase 
basis, respectively. While these definitions make intuitive sense, 
they are not very useful for a variety of reasons. One reason is 
that they differ for every tray, and experimental results would 
be needed for every tray before the design of a column. 

Another method for estimation is to use empirical results 
gathered over many years of practice, and these results were 
presented by O’Connell [12]. The results are presented in Figure 
21.36, which are for overall, average column efficiencies. There 
are different correlations for distillation columns and for 
absorbers/strippers. The parameter for distillation is au, where 
ais the relative volatility of the key components (only two 
components in binary distillation), and u is the viscosity of the 
feed in cP (centipoise). The efficiency decreases as the relative 
volatility increases because more mass must be transferred to 
reach equilibrium, and the efficiency decreases as the viscosity 
increased because mixing is more difficult, which lowers the 
mass transfer rate. A curve fit of the points shown (in percent) 
has been suggested [4, p. 471]: 
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Figure 21.36 Efficiencies of Distillation Columns and 
Absorber-Strippers (Reproduced with Permission from 
Couper, J. R., et al., Chemical Process Equipment, Selection 
and Design, 3rd ed. [Boston, Elsevier, 2012]) 


Eo = 53.977 — 22.527logy, (au) + 3.07[log,9 (apy)]? — 11.0flog,, (ay)]* 
(21.64) 


An alternative curve fit has also been suggested [1]: 


Ep = 52.782 — 27.51 1log,, (au) + 4.4923[log1, (au)}? 
(21.65) 


For absorbers, the parameter is HP/u, where H is the 
Henry’s law constant (in Ibmol/ft®/atm), P is the pressure (in 
atm), and is the viscosity (in cP). 


Example 21.5 


Estimate the efficiency of the distillation column in 
Example 21.4. The feed viscosity is 0.25 cP. Then 
calculate the number of actual trays in the column and 
the column height. 


Solution 


The relative volatilities must be calculated first. The 
relative volatility is a = K;/Ks. Assuming constant 
pressure in the column, a = P; / P§. Using the top 
temperature of 58.05°C, atop = 2.83, and using the 
bottom temperature of 92.62°C, Apottom = 2.46. The 
geometric average of the top and bottom relative 
volatilities is usually used, which yields a = 2.64; 
however, since the two numbers are so close, the 
algebraic average is virtually the same number. Using 
Equation (21.64) yields 58.2%, and using Equation 
(21.65) yields 57.9%. So, the actual number of trays is 
based on 14 equilibrium trays, since one of the 
equilibrium stages is the partial reboiler. The result is 
about 24 trays. For a 24-in tray spacing (0.6096 m), the 
column height is 14.6 m, which is a height-to-diameter 
ratio of 14.6/1.94 = 7.23, which is well within the limit of 
typical operation. 


21.3.2.4 Pressure Drop 


As stated previously, liquid flows down through a column due to 
gravity, and vapor flows upward due to a pressure difference. 
While the top and bottom pressures are determined by the 
bubble points of the top and bottom trays, they are not 
independent of the hydraulics on the trays. Each tray has a 
pressure drop that the vapor must overcome, and the total 
pressure drop is the sum of the pressure drops on the trays. 
Therefore, it is necessary to understand something about the 
tray hydraulics to understand the pressure drop on each tray. 
Figure 21.37 is a schematic of the liquid flow across a tray. 
The vapor flowing upward must overcome the downcomer head 
(Age), which is the sum of all of the other heads shown in Figure 


21.37, 


Figure 21.37 Pressure Heads on Trays 


hac = hweir F herest RE horad ote hadu F hary 
(21.66) 


where 
hweir = weir height, the dominant term 


herest = crest over weir, the level of liquid above the top of the 
weir 


hgraaq = hydraulic gradient, difference in level from the 
downcomer side and the weir side 


hay = frictional loss of liquid flowing out of downcomer 


hary = the “dry” head, the head to get vapor through holes in 

tray 

If the weir height is assumed to be the dominant 
contribution to the pressure drop, and assuming that all weir 
heights are the same, the column pressure drop becomes 


AP = (N, above Pabove + Noelow Phelow ) g hweir 
(21.67) 


where the subscripts above and below refer to the location in 
the tower relative to the feed. The liquid densities are used as a 
conservative estimate, since the portion of the tray containing a 
froth (two-phase, vapor-liquid mixture) is unknown in an initial 
design. Since the estimation methods presented here are based 
on the properties of the more volatile component above the feed 
tray and the less volatile component below the feed tray, their 
liquid densities would be used for the appropriate section of the 
column. 


Example 21.6 


Estimate the pressure drop in the column of Examples 


21.4 and 21.5 if the weir height is 4 in. 


Solution 


Equation (21.67) defines the pressure drop. Since there 
are 14 equilibrium trays with the feed on Tray 5, when 
applying the efficiency to convert to 24 actual trays, the 
feed is located proportionally at the same location. So the 
feed is on Tray 5(24/14) = 8.57 ~ 9. Given that Equation 
(21.67) is an estimate, there would be little difference in 
rounding down to the feed on Tray 8. Using the densities 
in Example 21.4, Equation (21.67) becomes 


AP = (9(626kg/m*) + 15(655kg/m?)|(9.81 m 


/s*) (4in)(0.0254m /in) 
= 15,408Pa = 15.4kPa = 0.154bar 
(E21.6a) 


In Example 21.4, the pressure was assumed constant at 2 
atm throughout the column. Applying this pressure drop 
would change the calculated diameter slightly. 


21.3.2.5 Condensers and Reboilers 


The impact of the reboiler and condenser on the design and 
operation of a distillation column is often overlooked in basic 
textbooks. They are just heat exchangers, the design of which 
was discussed in Chapter 20. Figure 21.38 shows the T-Q 
diagrams for a typical condenser and reboiler. It is assumed that 
the streams being reboiled and condensed are pure 
components, hence the horizontal lines representing constant 
temperature. If those streams were not pure, the lines would be 
slightly inclined, representing the difference between the 
bubble-point and dew-point temperatures. It is also assumed 
that the condensate is not subcooled, which might happen in 
some applications. 


Condenser Reboiler 
Condensing p 
Condensing steam 
1i T Loo 
A Reboiled liquid 
cee 
Q Q 
Figure 21.38 Typical T-Q Diagrams for Condenser and 


Reboiler 


For the reboiler, the energy balances and design equations 
are 


Qr = UrAr AT = UpAr(T; — Tp) = V Ap = —Ths As 
(21.68) 


where the subscript R denotes the reboiler, the subscript p 


denotes the process stream, and the subscript s denotes steam, 
which is a standard source of heat. The overbars indicate the 
bottom of the column. Built in to Equation (21.68) is the 
assumption that all phase changes are between saturated liquid 
and saturated vapor. The log-mean subscript is omitted from 
the temperature difference, because the temperature difference 
between the two streams is constant at all points, and thus AT;,, 
= AT. 

Once the flowrate of the process stream is known, since the 
latent heat can be found in the literature, the heat duty, Q, is 
known. If the heat transfer coefficient and the available steam 
temperature are known, then there is a unique correspondence 
between T, and A. So, a reboiler can be designed for any desired 
value of Tp. There is an exact pressure for this value of Tp, based 
on Antoine’s equation. Care must be taken to keep (Ts — Tp) 
from being too large to avoid film boiling, as discussed in 
Chapter 20. 

The pressure in the condenser is obtained from the pressure 
in the reboiler minus the column pressure drop. The column 
pressure drop is not arbitrary but is related to the weir height, 
as discussed in the previous section. From Antoine’s equation, 
the condensing temperature is then known. In the condenser, 
the energy balances and design equation are 


(Te = Tian) = (T, = Teigur) = 
n (rS ) 

—V àp = Mew Cp,cw (Teosi = Touar) 

(21.69) 


Qe = U. Ac ATim, = U: Ae 


where the subscript c denotes the condenser or condensation 
temperature, and the subscript cw denotes cooling water, which 
is the most desirable heat sink in a condenser. Therefore, if the 
heat transfer coefficient is known, there is only one condenser 
area that will satisfy Equation (21.69) for the calculated T,. 


When simulating a column, the pressure drop is an input 
variable. However, it is not known until the trays are designed, 
but the pressure drop is dependent on the number of trays, 
which is not known until the column is simulated. Therefore, 
column design is an iterative process, and this is not the only 
source of iterations. As a first approximation, a pressure drop 
could be assumed and the weir height calculated after 
determining the number of trays and feed location. If the weir 
height is reasonable, the result may be sufficient for a first step. 
If not, then the pressure drop must be changed to correspond to 
a reasonable weir height. 

The condenser and reboiler also affect the pressure in the 
column. In a chemical plant, the least expensive source of 
cooling in the condenser is usually process cooling water. Air 
can be used, but the heat transfer coefficient from a gas is much 
smaller than from a liquid. While the following values may 
differ from plant to plant and seasonally, typically, process 


cooling water is available at 30°C and is returned at 40°C. (The 
returned cooling water can be cooled back to 30°C by 
evaporating about 2%, so, other than makeup for the 2% 
evaporated, it is a closed loop.) If a 10°C approach temperature 
between the cooling water and the condensation temperature is 
desired (Figure 21.38), then the top column pressure must be 
high enough for the boiling point of the top component to be 
50°C (bubble point of mixture at top). Quite often, distillation of 
low-boiling components, such as ethane-ethylene or propane- 
propylene, are run at significant pressures to make the top 
temperature around 50°C. 

Columns can also be run at vacuum by using either a steam 
ejector (covered in Chapter 23) or a vacuum pump at the top of 
the column. There are two possible reasons for running a 
column under vacuum. One is that a component in the 
distillation is temperature sensitive. For example, acrylic acid 
spontaneously polymerizes at 90°C. To keep the temperature 
below 90°C, the pressure must be 0.16 bar. So, in the 
purification of acrylic acid from acetic acid, the undesired 
product of a side reaction, the column is run at vacuum. (In this 
particular example, acrylic acid is the higher boiler, so it is the 
bottom pressure that is at 0.16 bar!) A second reason is the 
available steam temperature for high boilers. Typically, the 
highest pressure saturated steam available for a reboiler is 
around 250°C. For example, phthalic anhydride’s normal 
boiling point is 295°C. Therefore, the column that purifies 
phthalic anhydride is run at around 0.4 bar, where phthalic 
anhydride boils at around 240°C. 


Example 21.7 


Calculate the heat duty for the condenser and the 
reboiler and their required heat transfer areas. In the 
condenser, cooling water is used, entering at 30°C and 
leaving at 40°C. In the reboiler, low-pressure steam is 
used, which is condensed at 160°C. 


Data provided: 
A (AH yap) Uo f 
(kJ/kmol) (W/m /K) 
Pentane 25,720 Condenser 1500 | 
Hexane 29,632 Reboiler 3000 | 
Solution 


Since the compositions are known at the top and at the 
bottom of the column from Example 21.4, if ideal 
mixture is assumed, which is most likely valid at the 
relatively low pressure of the column with nonpolar 
hydrocarbon components, the heats of vaporization can 
be weighted by the mole fractions (Figure E21.4). 


QrR=V Az 
= (538 kmol/h) [0.01 (25, 720 kJ /kmol) 
+ 0.99 (29, 632 kJ /kmol)] 
(h/3600s) = 4422 kW 
(E21.7a) 


Qc =-V» = 
— (538 kmol/h) [0.95 (25, 720 kJ /kmol) 
+ 0.05 (29, 632 kJ /kmol)] 
(h/3600 s) = —3872 kW 
(B21.7b) 


It is observed that the absolute values of the heat duties 
are very close numerically. This is expected. They should 
be on the same order of magnitude. If they are not, it 
suggests that the feed is very different from the column 
conditions, probably either very subcooled or very 
superheated. 

Figure E21.7 shows the T-Q diagrams for the condenser 
and the reboiler. For the condenser, 


Condenser Reboiler 
58.05°C 58.05°C 
160°C 160°C 
T T 
40G 92.62°C 92.62°C 
30°C 
Q Q 


Figure E21.7 T-Q Diagrams for Condenser and 
Reboiler 


Qc = Up Ao ATim = 3,872,000 W 

_ (1500 W/m? /K) ve (Se 0b 80) eto Tb) K 
In| SS | 

(E21.7c) 

so Ao (condenser) = 113.8 m?, and for the reboiler, 
Or =U) A AT = 4, 422, 
000 W= (3000 W/m? /K) Ao (160 — 92.62) °C 
(E21.7d) 

so Ao (reboiler) = 21.9 m’. 


The utility flowrates are obtained from the respective 
energy balances. For the condenser, 


Qc = Tew Cp, cw (Toci = Tagin) = 3, 872, 000 W 
= Then (4184 J/kg/*C) (40 — 30) °C 
(E21.7e) 


SO Mew = 92.5 kg/s, and for the reboiler, 


Qc = mAs = 4,422,000 W = mh, (2081.3 kJ/kg) (1000 J/kJ) 
(E21.7f) 


SO M, = 2.12 kg/s. 


21.3.3 Packed Towers 


Another method for contacting vapors and liquids to 
accomplish separations is a packed tower. A packed tower is a 
large, cylindrical vessel packed with inert material. While in tray 
towers, mass transfer area is created by the gas bubbles within 
the liquid on the tray, the concept in a packed tower is that 
liquid coats the solid, packing surface creating mass transfer 
area for the vapor passing countercurrently. Just as in a tray 
tower, liquid flows down by gravity and the vapor flows upward 
due to a pressure gradient. 

There are several other differences between packed towers 
and tray towers. Packed towers flood, but entrainment and 
weeping do not occur. In general, packed towers have lower 
pressure drops than tray towers. One problem with packed 
towers is the potential for flow maldistribution, which is the 
uneven distribution of liquid across the cross section, which can 
create regions of uncoated, dry solid, reducing the expected 
mass transfer area. Since flow maldistribution manifests more 
often in larger diameter towers, historically, tray towers were 
used for larger diameter (i.e., larger capacity) columns, such as 
distillation in oil refineries, and packed towers were used for 
smaller-diameter (i.e., smaller-capacity) columns, such as 
removing pollutants from exhaust streams. Flow 
maldistribution is also related to the column diameter and the 
packing material diameter. If column diameter/packing 
diameter >40, maldistribution is more likely. One method that 
can be used to mitigate flow maldistribution in larger diameter 
columns is to have the packing in sections with the liquid 
collected and redistributed across the cross section throughout 
the column. This is illustrated in Figure 21.39. 
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Figure 21.39 Internals of a Packed Column with Structured 
Packing Showing Redistributor (Stichlmair, J. G., and J. R. 
Fair, Distillation. Principles and Practice [New York: Wiley, 
1998] [13]) 


21.3.3.1 Packing Types and Shapes 


There are two types of packing types, random packing and 
structured packing. Random packings are randomly dumped 
into the cylindrical vessel. As illustrated in Figure 21.40, there 
are more shapes for random packings than can be imagined. 
The idea is to get the maximum mass transfer area, the largest 
mass transfer coefficient, and the lowest pressure drop. The 
random packing material can be plastic, metal, or ceramic, and 
the choice is based on cost and chemical compatibility. 


Figure 21.40 Some Shapes of Random Packings (Reprinted 
by Permission from Jiangxi Jintai Special Material LLC, 
Copyright 2005, All Rights Reserved) 


A more recent development is structured packings, which 
come in sections that slide into the cylindrical vessel. One key 
advantage of structured packings is a very-low pressure drop. 
Figure 21.41 illustrates a structured packing. 


Figure 21.41 Example of a Structured Packing (Courtesy of 
Sulzer Chemtech AG.) 


21.3.3.2 Height and Diameter 


Table 21.2 shows four methods for obtaining the height of a 
packed column. The number of transfer units depends on the 
equilibrium, as discussed in Section 21.2.2.1. The height of a 
transfer unit depends on the mass transfer, and one method for 
calculating the height of a transfer unit is also presented in 
Section 21.2.2.1. The height of the packed portion of the column 
is the product of the height of a transfer unit and number of 
transfer units, as shown in Table 21.2. For a distillation column, 
the heights above and below the feed are calculated separately 
and added. For an absorber or stripper, since there is only one 


section, just one height is calculated. 

There is another method that can be used for calculating the 
height of a packed tower, the height equivalent to a theoretical 
plate (HETP). In this method, the number of trays (also called 
plates) is calculated as if designing a tray tower. If the HETP 
can be calculated, the tower height is 


z = N(HETP) (21.70) 


The expression for HETP is 


where Hoy is defined in Table 21.2, and the flowrates L and V 
are molar flowrates. The mass transfer coefficient must still be 
known, since it is in Hoy, but the HETP expression replaces the 
tedious Noy calculation described in Section 21.2.2.1. A possible 
heuristic is that HETP ~ 0.5 m. Another heuristic might be 
HETP (ft) ~ 1.5 (packing size, inches). Estimates are also 
available for HETP as a function of packing diameter for some 
random packings and as a function of surface area/unit volume 
for structured packings [15]. 

The diameter of a packed tower is based on a flooding 
calculation. The concept is identical to that for tray towers, but 
the empirical correlation is different. A graphical representation 
of the flooding limit is shown in Figure 21.42. The important 
line is the flooding line and a curve fit has been presented [1] 
that corresponds to the equation 
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Figure 21.42 Generalized Flooding and Pressure Drop 
Correlation for Packed Columns (Reprinted with Permission 
from Eckert, J. S. “Selecting the Proper Distillation Column 

Packing,” Chem. Eng. Prog. 66, no. 3 (1970): 39-44. 
Reproduced with Permission by the American Institute of 
Chemical Engineers [14]) 


G? Fy? > 
log | ————— | = —1.6678 — 1.085log,) Fw — 0.29655 log, 9 Fi] 
PLPVGc 


(21.72) 


where Fp is defined in Equation (21.59), Gy is the superficial 
mass flowrate of vapor at flooding (could be called Gy) in 
Ib/ft*/sec (area unit is cross-sectional area of tower), the 
densities are in lb/ft®, the viscosity (u) is in cP, y is the inverse 
of the specific gravity of the liquid (Pwater/PL), F is a packing 
factor found in Table 21.8, and ge is the unit conversion 32.2 ft 
lbm/(lbfsec2). The units must be exactly as stated in this 
empirical correlation, and they are not consistent with each 
other. The algorithm is as follows: 


Table 21.8 Parameters for Random Packings 


Nominal Packing Size (in) 


0.375 0.5 0.625 0.75 1.0 1.25 1.5 2.0 
Raschig F 390 300 170 155 115 
Rings, 
Metal, 
: a 1.20 
1/32-in 
Wall 
B 0.28 
Raschig F 410 290 220 137 110 83 57 
Rings, 
Metal, . 
YRS a 0.80 0.42 0.29 0.23 
Wall 
B 0.30 0.21 0.20 0.14 
Raschig F 1000 580 380 255 155 125 95 65 
Rings, 
Ceramic 
a 4.70 3.10 2.35 1.34 0.97 0.57 0.39 0.24 
B 0.41 0.41 0.26 0.26 0.25 0.23 0.23 0.17 
Pall F 97 52 32 25 
Rings, 
Plastic 
a 0.22 0.10 
p 0.14 0.12 
Pall F 70 48 28 20 
Rings, 
Metal 
a 0.43 0.15 0.08 0.06 
B 0.17 0.16 0.15 0.12 


Berl F 240 170 110 65 45 


Saddles, 


Ceramic 
a 1.2 0.62 0.39 0.21 0.16 
B 0.21 0.17 0.17 0.13 0.12 
Intalox F 200 145 98 52 40 
Saddles, 
Ceramic 
a 1.04 0.52 0.52 0.13 0.14 
B 0.37 0.25 0.16 0.15 0.10 


Source: Wankat, P., Separation Processes. Includes Mass Transfer Analysis, 4th ed., Prentice Hall, 
Upper Saddle River, NJ 2017. Reprinted and electronically reproduced by permission of Pearson 
Education, Inc., New York, NY. 


1. Determine all internal flowrates in molar units. For distillation, this 
involves knowing the reflux ratio and the feed condition. For mass 
separating agents, the flowrates are likely given. Convert these to mass 
units. For distillation, it is usually assumed that the molecular weights in 
the vapor and liquid phases are equal, because the phases are not that 
different in composition. For mass separating agents, especially in dilute 
solutions, the molecular weight is approximately that of the carrier 
solvent (nonabsorbing component). 

2. Determine the liquid and vapor densities. The liquid density must be 
found from a reference. The vapor density can be estimated using the 
ideal gas law or another equation of state. The top and bottom 
temperatures and pressures are used, depending on which section the 
calculation is based. 

3. Calculate F} from Equation (21.59). 

4. Use Equation (21.72) or Figure 21.42 to determine the parameter in the 
brackets. 

5. Solve for G's, which has units 1b/ ft?/ sec. This is the value of G” at flooding. 

6. Calculate the actual value of G’ as a desired percentage of the flooding 
velocity (typically 70%-80% of flooding for a packed tower). 


7. Calculate the area from 


G 
S 


A (21.73) 


where G is the mass flowrate of vapor in the column. 


8. Determine the column diameter from the area. 


Just as for tray towers, for a distillation column, this 
calculation should be done both above the feed and below the 
feed and a diameter chosen that satisfies both results. Since 
there is no lower percentage of flooding limit (no weeping), 
choosing an appropriate diameter is easier for a packed tower 
than for a tray tower. 


21.3.3.3 Pressure Drop 


The pressure drop can be estimated from Figure 21.42. The 
units are inches H.O/ft packed height. The curves below the 
flooding line provide the values for the pressure drop. Once the 
flooding G’ is obtained, the actual value of G’ is obtained from 
the desired flooding percentage. Then, a new y-axis is obtained, 
and the value of F} is already known, so the pressure drop is 


obtained. Then the overall pressure drop is obtained by 
multiplying that value by the column height. 

An empirical correlation for the pressure drop has been 
presented [1]: 


yf Ge 

AP =a (10) (Z) (21.74) 
PV 

where a and £ are listed in Table 21.8. L’ and G’ are superficial 

mass flowrates in lb/ft*/sec, the density is lb/ft’, and the 

resulting pressure drop is in inches H,O/ft packed height. 


Example 21.8 


An air stream flowing at 1500 kmol/h containing 
benzene vapor is to be scrubbed in a packed bed using 1- 
in, ceramic Berl saddles using 250 kmol/h of hexadecane 
as the solvent. The mole fraction of benzene in the inlet 
air is 0.01, and the required outlet mole fraction is 
0.0005. The hexadecane is being returned to the 
scrubber from a stripper, so the inlet mole faction of 
benzene in hexadecane is 0.0001. The column may be 
assumed to operate at 150 kPa and 35°C. Raoult’s law 
may be assumed to define the benzene equilibrium. 


1. Determine the diameter of the packed column for 75% of flooding. 
2. Determine the pressure drop per unit height in the column. 


Data provided: 
Antoine Coefficients 
A B (E SG (cP) 
Benzene 6.90565 1211.033 220.79 | 
Hexadecane 0.770 3.4 
Solution 


1. The method discussed in Sections 21.3.3.2 and 21.3.3.3 is used. 
Just as in a tray tower, the term Fj, must be calculated first. So, 
the density of the gas phase must be estimated. Since the system is 
dilute, the density of air can be used. An average molecular weight 
should be used; however, given the approximate nature of this 
calculation, using the molecular weight of air is reasonable. So, 


PM (150 kPa) (29 kg/kmol) 3 
RT (0.08314 m3 bar/kmol/K) (273.15 + 35 K) 
(E21.8a) 
From Equation (21.59), 


F, LM, ey _ 250 kmol/h (226 kg/kmol) E 
v 


~ VMy \ pr) 1500 kmol/h (29kg/kmol) | 770 


0.5 
| = 0.061 
PL 

(E21.8b) 


From Equation (21.72), 


G? Fpp? > 
logi9 = —1.6678 — 1.085log,,0.061 — 0.29655/log,,0.061] 
PLPV Jc 
(E21.8c) 
so that 
G? Fyp? 
a 1631 (E21.8d) 
PLPVGc 


and solving for the flooding superficial mass flowrate, 


(0.1631 Ib/ft? /sec) (48.048 Ib/ft*) (0.10595 1b/ft*) (32.2) 
45(1000/770)(3.4 cP) 
= 1.482 lb/ft? sec 
(E21.8e) 


ea 


where the densities have been converted into the required units, 
and the value of F, the packing factor, 45, is found in Table 21.8. 
For 75% of flooding, then G’ = 1.111 lb ig, sec. The area is found 
by using Equation (21.73): 


vo 1500 kmol/h (29 kg/kmol) (2.2 Ib/kg) 


1.111 Ib/ft? / sec (3600 sec/h) 
(E21.8f) 


= 23.92 ft? 


so, the diameter is found to be 5.52 ft. 


2. The pressure drop is found from Equation (21.74), using the 
parameters a and f from Table 21.8. 


0.17(250 kmol/h)(226 kg/kmol)(2.2 Ib/ke) 1.112 lb Ji? /sec 
AP = 0.39 | 10 23.92 ft? (3600 sec /h) ker ia Rei nats 
0.10595 lb/ft? 


(E21.8g) 
= 8.00 in H20/ft packed height = 0.01965 atm/ft packed height 


This is not a small pressure drop, since the pressure drop 
in a 50 ft column would be just under 1 atm. It might be 
better to use a larger packing size to reduce the pressure 
drop. However, this would reduce the packing factor, 
thereby increasing the flooding velocity, which increases 
the column diameter. Ultimately, the decision would be 
based on economics. 


21.3.4 Tray Tower or Packed Tower? 


The choice between tray towers and packed towers depends on 
several variables, and some of the guidelines may be conflicting. 
Traditionally, packed towers were used for smaller-diameter 
columns because of the flow maldistribution discussed earlier. 
Therefore, they were used for lower-capacity operations. 
However, structured packing combined with liquid flow 
distributors have made it possible to use packed towers for 
larger-capacity operations. The lower pressure drop in packed 
towers makes them uniquely applicable to vacuum operations. 
Packed towers do flood; however, they do not weep, so it may 
seem that they are more flexible for operations that might have 
to be scaled down. However, there is a minimum liquid load 
(flowrate) for packed towers, and, if distributors are used to 


avoid flow maldistribution, there is a window of flowrate 
operation, just as for tray towers, but for different reasons [13]. 
This is one reason why tray towers are preferred for larger 
capacity operations. 

Tray towers were traditionally used for larger-capacity 
(larger-diameter) operations. Trays are easier to clean than 
packing, so trays are more applicable to fouling operations. In a 
tray tower, access points are built in for maintenance 
(manways) and cleaning during shutdown. However, in a 
packed tower, the packing must be removed for the same 
access. In more advanced distillation operations, such as 
reactive distillation, adding heat transfer capability to remove 
heat produced by an exothermic reaction is easier in a tray 
tower by inserting a liquid take-off at a given tray, pumping the 
liquid through an external heat exchanger, and returning the 
liquid to another tray. 

Ultimately, the choice between a tray tower and a packed 
tower comes down to the economics. However, constraints for a 
specific application must also be considered. 


21.3.5 Performance of Packed and Tray Towers 


In the day-to-day operations of a chemical plant, process 
conditions change. For example, the rate of production may 
have to increase or decrease. Reasons for an increase in 
production include an increased demand for the product or a 
need to meet contracted customer demand when a similar plant 
within the company goes off line. These performance problems 
were discussed in the context of fluid flow equipment and heat 
exchangers in Chapters 19 and 20, respectively. 


If a distillation column must be scaled-up (scaled-down) at 
constant product purities, the material balance requires that 
inlet and outlet flowrates increase (decrease) by the same 
amount. The question is how the output changes based on 
equipment performance. Clearly, there is a limit to scale-up of a 
distillation column based on the flooding limit. If the inlet 
flowrate to a distillation column increases at constant 
composition, and if the outlet compositions are maintained, the 
reflux rate increases, since the reflux ratio (L/D) stays constant. 
Therefore, all internal flows increase, making flooding a real 
possibility. If, for example, a column was designed for 75% of 
flooding, a 10% to 15% scale-up might be possible, assuming 
that it is desired to keep the flooding percentage less than 85% 
to 90% to avoid loading. For scale-down, there might be more 
flexibility, since weeping does not typically occur until <40% of 
flooding, with the exact value dependent on the tray type. 

However, the situation is not that simple. In Section 20.8, 
the performance of heat exchangers was discussed, and it was 
seen that changing the inlet flowrate to a heat exchanger affects 
the temperatures of both streams and the total heat load. Since 
it has been shown that the condenser and reboiler affect the 
pressure of the column, then scale-up or scale-down of a 


distillation column involves much more than flooding. 
Therefore, the performance of a distillation column cannot be 
analyzed without consideration of the performance of both the 
condenser and reboiler. This is illustrated with a case study. 


CASE STUDY 


The distillation column illustrated in Figure 21.43 is used to 
separate benzene and toluene. It contains 35 sieve trays, with 
the feed on Tray 18. The relevant flows are given in Table 21.9. 
Your assignment is to recommend changes in the tower 
operation to handle a 50% reduction in feed. Overhead 
composition must be maintained or exceed the current 
specification of 0.996 mole fraction benzene. Cooling water is 
used in the condenser, entering at 30°C and exiting at 45°C. 
Medium-pressure steam (185°C, 1135 kPa) is used in the 


reboiler. The operating conditions of the tower before reduction 


in feed are in Table 21.9. 


| X, = 0.008 


os 


Figure 21.43 Distillation of Benzene from Toluene 


Table 21.9 Operating Conditions for Process in Figure 


Outputs 


21.43 
Flow Mole Fraction Temperature 
Input/Output (kmol/h) Benzene (°C) 
Inputs 
| Feed, F 141.3 0.248 90 
| Reflux, Lo 130.7 0.996 112.7 
| Boil-up, VN +1 189.5 0.008 145.3 


Distillate, D 34.3 0.996 112.7 


Still bottoms, 296.5 0.008 145.3 
In 

Bottoms 107.0 0.008 145.3 
product, B 


Among the several possible operating strategies for 
accomplishing the necessary scale-down are the following: 


1. Scale down all flows by 50%. This is possible only if the original operation 
is not near the lower velocity limit that initiates weeping or reduced tray 
efficiency. If 50% reduction is possible without weeping, reduced tray 
efficiency, or poor heat-exchanger performance, this is an attractive 
option. 

2. Operate at the same boil-up rate. This is necessary if weeping or reduced 
tray efficiency is a problem. The reflux ratio must be increased in order to 
maintain the reflux necessary to maintain the same liquid and vapor flows 
in the column. In this case, weeping, lower tray efficiency, or poor heat- 
exchanger performance caused by reduced internal flows is not a problem. 
The downside of this alternative is that a purer product will be produced 
and unnecessary utilities will be used. Increasing the reflux ratio during 
scale-down increases the utility cost or the column per unit product. 

In Example 21.9, the analysis will be done by assuming that it is possible 
to scale down all flows by 50% without weeping or reduced tray efficiency. 


Example 21.9 


Estimate the pressure drop through the column. To what 
weir height does this correspond? 


Solution 

Interpolation of tabulated data [16] yields the following 
relationships for the vapor pressures in the temperature 
range of interest: 


84 
In P * (kPa) = 15.1492 — sue benzene 


T(K) 
(E21.9a) 


4134.14 
ln P * (kPa) = 15.3877 — ———— toluene 


T(K) 
(E21.9b) 


It is assumed that the bottom is pure toluene and the 
distillate is pure benzene. This is a good assumption for 
estimating top and bottom pressures given the mole 
fractions specified for the distillate and bottoms. 
Therefore, at the bottom temperature of 141.7°C, the 
vapor pressure of toluene, and hence the pressure at the 
bottom of the column, is 227.2 kPa. At the top 
temperature of 104.2°C, the vapor pressure of benzene, 
and hence the pressure at the top of the column, is 204.8 
kPa. 


Because there are 35 trays, the pressure drop per tray is 


AP = (227.2 — 204.8) /35 = 0.64 kPa/tray 
(E21.9c) 


If it assumed that the weir height is the major 
contribution to the pressure drop on a tray, then 


AP = pgh (E21.9d) 


where h is the weir height. Assuming an average density 
of 800 kg/m®, then 


h = (640Pa) / [(800kg/m*) (9.8m/s’)] = 0.08m ~ 3in 
(E21.9e) 


This is a typical weir height and is consistent with the 
assumption that the weir height is dominant. 


The pressure drop is assumed to remain constant after the 
scale-down because the weir height is not changed. In practice, 
there is an additional contribution to the pressure drop due to 
gas flow through the tray orifices. This would change if column 
flows changed, but the pressure drop through the orifices is 
small and should be a minor effect. Examples 21.10 and 21.11 
illustrate how the performance of the reboiler and condenser 
affect the performance of the distillation column. 


Example 21.10 


Analyze the reboiler to determine how its performance is 
altered at 50% scale-down. 


Solution 


Figure E21.10 shows the T-Q diagram for this situation. 
Because the amounts of heat transferred for the base and 
new cases are different, the Q values must be normalized 
by the total heat transferred in order for these profiles to 
be plotted on the same scale. The solid lines are the 
original case (subscript 1). For the new, scaled-down case 
(subscript 2), a ratio of the energy balance on the 
reboiled stream for the two cases yields 


185.0°C 


163.4°C 


Boil-Up, Scaled-Down Case 


141.7°C 
Boil-Up, Base Case 


Q/Qiot 


Figure E21.10 Temperature Profiles in Reboiler for 
Example 21.10 


es TUA 

Qi mA 
If it is assumed that the latent heat is unchanged for 
small temperature changes, then Q./Q, = 0.5, because at 


50% scale-down, the ratio of the mass flowrates in the 
reboiler is 0.5. The ratio of the heat transfer equations 


(B21.10a) 


yields 
Q2 _ og = ASR AD 
Qı f U, AAT, 43.3 
(E21.10b) 


In Equation (E21.10b), it is assumed that the overall heat 
transfer coefficient is constant. It is assumed here that U 
+ f(T). This assumption should be checked, because for 
boiling heat transfer coefficients with large temperature 
differences, the boiling heat transfer coefficient may be a 
strong function of temperature difference. 

From Equation (E21.10b), it is seen that AT, = 21.7°C. 
Therefore, for the reboiler to operate at 50% scale-down, 
with the steam side maintained constant, one possible 
option is that the boil-up temperature must be 163.4°C. 
This is shown as the dotted line in Figure E21.10. 

From the vapor pressure expression for toluene, the 
pressure at the bottom of the column is now 372.5 kPa. It 
would have to be determined whether the existing 
column could withstand this greatly increased pressure. 


Example 21.10 shows that the reboiler operation requires 
that the pressure of the boil-up stream be increased. This is not 
the only possible alternative. All that is necessary is that the 
temperature difference be 21.7°C. This could be accomplished 
by reducing the temperature of the steam to 163.4°C. In most 
chemical plants, steam is available at discrete pressures, and the 
steam used here is typical of medium-pressure steam. Low- 
pressure steam might be at too low a temperature to work in the 
scaled-down column. However, the pressure and temperature of 
medium-pressure steam could be reduced if there were a 
throttling valve in the steam feed line to reduce the steam 
pressure. The resulting steam would be superheated, so 
desuperheating would also be necessary. This is usually 
accomplished by spraying water into the superheated steam. 
This system is called a desuperheater, and the benefit of a 
desuperheater is to permit flexibility in saturated steam 
conditions to facilitate process changes and process control. A 
change in a utility stream is almost always preferred to a change 
in a process stream, because it does not disrupt process 
operation at the design conditions. 


The condenser is now analyzed in Example 21.11. 


Example 21.11 


Using the results of Example 21.10, analyze the 
condenser for the scaled-down case. 


Solution 


Under the assumption that the pressure drop for the 
column remains at 22.4 kPa, the pressure in the 
condenser is now 350.0 kPa. From the vapor pressure 
expression for benzene, the new temperature in the 
condenser is 126.0°C. The remainder of the analysis is 
similar to Example 2.20. The T-Q diagram is illustrated 
in Figure E21.11. Because an organic is condensing, it is 
assumed that the resistance on the cooling water side is 
approximately equal to the resistance on the condensing 
side. The method presented can be used for any known 
heat transfer coefficients or any known ratio of heat 
transfer coefficients. Therefore, 


Condensate, Scaled-Down Case 
—--------------- 126.0°C 


104.2°C 
Condensate, Base Case 


Cooling Water, Scaled-Down Case _ 66.9°C 


45.0°C 


Cooling Water, Base Case 


Q/Qiot 


Figure E21.11 Temperature Profiles in Condenser for 
Example 21.11 
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Us ma ma hot _ 2 
=f gi. 7. . 6 ae 
Ui ha Tia ha T hoa M°8 La Mes 
(E21.11a) 


where M = mə [m 
The ratio of the base cases for the energy balance on the 
condensing stream is 


Tna À 
S HÀ (E21.11b) 
Because the ratio of the mass flowrates is 0.5, and 
assuming that the latent heat is unchanged with 
temperature in the range of interest, Q./Q, = 0.5. 

The ratio of the base cases for the energy balance and the 
heat-exchanger performance equation (Q = UAATm) are, 
respectively, 


0.5 = M—— (E21.11c) 
2(T — 30 
0.5 = -a oo 
1 
(66.42) (1 A H) m(t) 
(E21.11d) 


Solution of Equations (E21.11¢) and (E21.11d) yields 


M= 0.203 
T = 66.9°C 


Therefore, the cooling water rate must be reduced to 20% 
of the original rate, much lower than the actual scale- 
down. The outlet water temperature is increased by 
about 22°C. This would cause an unacceptable increase 
in fouling on the cooling water side, since 45°C is 
typically the maximum allowable return temperature due 
to fouling. Therefore, in this case, it may be better to use 
a higher reflux ratio rather than reduce the flows within 
the column. 


Observation indicates that in order to operate the distillation 
column at 50% scale-down with process flows reduced by 50%, 
a higher pressure is required and the cooling water will be 
returned at a significantly higher temperature than before scale- 
down. The operating pressure of the column is determined by 
the performance of the reboiler and condenser. 


Examples 21.10 and 21.11 reveal a process bottleneck at the 
reboiler that must be resolved in order to accomplish the scale- 
down. In the process of changing operating conditions 
(capacity) in a plant, a point will be reached where the changes 
cannot be increased or reduced any further. This is called a 
bottleneck. A bottleneck usually results when a piece of 
equipment (usually a single piece of equipment) cannot handle 
additional change. In this problem, one bottleneck is the high 
cooling water return temperature, which would almost certainly 
cause excessive fouling in a short period of time. Another 
potential bottleneck is tray weeping due to the greatly reduced 
vapor velocity. In addition to the solution presented here, there 
are a variety of other possible adjustments, or debottlenecking 
strategies, which follow with a short explanation for each. 


1. Replace the Heat Exchangers: Equation (E21.10b) shows that a new 
heat exchanger with half of the original area allows operation at the 
original temperature and pressure. The heat transfer area of the existing 
exchanger could be reduced by plugging some of the tubes, but this 
modification would require a process shutdown. This involves both 
equipment downtime and capital expense for a new exchanger. Your 
intuitive sense should question the need to get a new heat exchanger to 
process less material. You can be assured that your supervisor would 
question such a recommendation. 

2. Keep the Boil-Up Rate Constant: This would maintain the same 
vapor velocity in the tower. If the operation occurs near the lower velocity 
limit that initiates weeping or lower tray efficiency, this is an attractive 


option. The constant boil-up increases the tower separation. This option 
results in much smaller temperature and pressure changes but is 
somewhat wasteful, as approximately the same amount of reboiler and 
condenser energy is being used to process only 50% of the original 
material. 


3. Introduce Feed on a Different Plate: This strategy must be combined 
with Option 4. The plate should be selected to decrease the separation and 
increase the bottoms concentration of the lower boiling fraction. This 
lowers the process temperature and increases the AT for heat transfer and 
the reboiler duty. This may or may not be simple to accomplish depending 
on whether the tower is piped to have alternate feed plates. As in Option 
2, the reflux and coolant inputs will change. 

4. Recycle Bottoms Stream and Mix with Feed: This strategy must be 
combined with Option 3. By lowering the concentration of the feed, the 
concentration of the low boiler in the bottoms can be increased, the 
temperature lowered, and the reboiler duty increased. This represents a 
modification of process configuration and introduces a new (recycle) 
input stream into the process. 


The next series of examples involves the performance of an 
absorber. The same methodology would be used for a stripper. 


Example 21.12 


An absorber is designed to be 20 m tall, and it is known 
that Hoyis 4 m. The absorber is designed to treat 40 
kmol/h of air containing acetone with a mole fraction of 
0.002 and reduce the mole fraction to 0.0001. Pure 
water is the solvent, at a rate of 20 kmol/h. The column 
temperature is 26.7°C, and the pressure is 1.2 atm. 
Raoult’s law may be assumed to apply, and 
In P * (atm) = — SUSE 49 
T(K) 
(E21.12a) 


It is now observed that the outlet mole fraction of 
acetone in the air is 0.0002. List as many possible causes 
of this situation as you can, assuming that only one fault 
exists at a time. Quantify what is happening in the 
column for each case, that is, what parameter is off and 
what is the off-specification value? 


Solution 


There are six possible single-parameter upsets (off- 
design conditions) that do not involve malfunctions 
within the packed bed equipment. All can be understood 
from the dilute, packed-bed absorber equation in Table 
21.6: 


(E21.12b) 


which is valid for these dilute solutions. Since the bed 
height z = HoyNov, Nov = 5. For the base case, at 26.7 + 


273.15 = 299.85 K, P* = 0.339 atm. Therefore, m = P*/P 
= 0.283, and A = L/(mV) = 20/0.283/40 = 1.77. Since 
the water is pure, Xin = O for the base case. 

There are only three parameters in Equation (E21.12b), 
so the problem must be with one of these parameters. It 
is assumed that Noy is correct, since the most likely way 
that it could be incorrect is if Hjy is incorrect, which 
would probably be due to an impediment to mass 
transfer, such as channeling or fouling. However, it was 
stated that equipment malfunctions were to be ignored. 
One possibility is that every parameter on the right-hand 
side of Equation (E21.12b) is at design conditions but 
that Your = 0.004. This means that the absorber is 
removing the same fraction of acetone from the air, but 
that the mole fraction of acetone in the inlet air has 
doubled. 


A second possibility is that every parameter on the right- 
hand side of Equation (E21.12b) is at design conditions, 
that yj, is at design conditions, but that xin + O. Solution 
of Equation (E21.12b) yields xin = 0.00352. How could 
this happen? It is possible that the water is regenerated 
in a stripper and that the stripper is exhibiting a 
malfunction. If there was a stripper, the inlet water 
would certainly have small amounts of acetone, so a 
more likely scenario is that the inlet water has more 
acetone than expected. However, the concept is identical. 


The third possibility is that A is not at design conditions. 
At Yin = 0.002, Your = 0.0002, and Noy = 5, Equation 
(E21.12b) can be solved for A = 1.275. Since A = L/(mV), 
if A has decreased, then either L has decreased, V has 
increased, or m has increased. Holding two of these 
parameters at the original values while solving for the 
third parameter yields either L = 14.43 kmol/h, V = 55.45 
kmol/h, or m = 0.392. The first two values make intuitive 
sense, since a decrease in solvent rate or an increase in 
gas to be treated will both make the absorber remove less 
solute, assuming all other parameters remain 
unchanged. However, the increase in vapor flowrate is 
38%. If this really occurred, flooding could be occurring. 
Since flooding would probably cause the column to 
malfunction to the extent that there would be no liquid 
flow downward, it is likely that such a large increase in V 
is not the cause of the problem. 

The value of m can change only if the temperature or 
pressure changes. Since the new value of m = P*/P = 
0.392, the new pressure can be found as P = 0.865 atm at 
the original temperature, and the new temperature can 
be found as T = 308.2 K (35.1°C) at the original pressure. 
This also makes intuitive sense, since a decrease in 
pressure or an increase in temperature opposes 
absorption into the liquid phase. Lower pressure always 


favors the vapor phase and higher temperature always 
favors the vapor phase, whether it be pure-phase 
equilibrium or absorbers and stripper. So, if conditions 
have changed to be less favorable for absorption into the 
liquid phase, the removal of acetone from the air will 
decrease. 


If there is a disturbance as in Example 21.12, the next 
question is how to compensate for the disturbance. In the next 
set of examples, some methods are suggested. Those that 
involve manipulation of temperature and pressure are based on 
the assumption that these parameters can be manipulated. The 
pressure can be manipulated by designing the upstream 
pressures to be higher than the column pressure so that valves 
can be used to set the inputs, or by adding pumps to lower 
pressure input streams. Heat exchangers can be designed 
upstream to adjust the inlet temperatures. It must be 
remembered that, unlike distillation columns, absorbers and 
stripper conditions are directly related to the feed conditions. 


Example 21.13 


For Example 21.12, suggest realistic ways to compensate 
for the disturbance. An example of a nonrealistic 
compensation method is to reduce the air feed (process 
side), which is probably fixed upstream. It is also 
assumed that, if the feed composition is not the fault, it 
cannot be changed from design conditions. Usually, 
manipulations of the process or process variables are less 
desirable/possible than changes to utility flows or 
conditions. Again, assume that only one parameter at a 
time is manipulated. 


Solution 


There are numerous answers for each fault. Not all 
possibilities are discussed here. 

If the fault is in flowrate, the other flowrate can be 
adjusted to maintain a constant A value. For example, if 
the value of Vis 55.54 kmol/h instead of 40 kmol/h, then 
the value of L could be increased to 20(55.45/40) = 27.73 
kmol/h. As discussed earlier, this result is based on the 
assumption that the column is not flooding. 

If the fault is in L, it is assumed that V cannot be 
adjusted, since that is the process stream to be treated. 
To keep A constant, the value of m can be adjusted to 
0.282(14.43/20) = 0.204. Since m = P/P*, if the pressure 
can be changed to 1.20(0.282/0.204) = 1.66 atm, the 
column would perform as designed. The temperature can 
be changed, which affects P*, so that the new value would 
be 0.339(0.204/0.282) = 0.245, which yields a 
temperature of 291.9 K = 18.75°C. The best solution is 
probably some combination of temperature and pressure 


changes that result in smaller changes for each 
parameter. It is also observed that these values make 
sense. The separation problem is alleviated by reducing 
the temperature and/or increasing the pressure, both of 
which favor the liquid phase. 

If the problem is that the inlet liquid contains acetone, 
then it makes sense that lowering the temperature 
and/or raising the pressure could compensate for this 
problem. The solution is mathematically complex. The 
desired value of the left side of Equation (E21.12b) is 20, 
since the right side of Equation (E21.12b) should behave 
as if Xin = O. So, 


1 1 
tin mon _ 0002 P(B(L~a)[~a 
Yout = Matin 0.0001 1-4 

(E21.13a) 


must be solved for a new A value. This value is A = 1.825. 
This can be accomplished with either a temperature of 
25.9°C, a pressure of 1.24 atm, or L = 20.65 kmol/h, once 
again assuming only one parameter at a time is 
manipulated. It is observed that these are very small 
adjustments in operating conditions. 


Example 21.14 


The column in Example 21.12 is operating normally, but 
a 10% increase in air to be treated, to 44 kmol/h, is 
expected. How can column operation be changed to 
ensure the desired outlet mole fraction of acetone in air 
is attained? Be quantitative and assume that only one 
parameter at a time is manipulated. 


Solution 


In this case, the desired recovery is to remain constant, 
so the left side of Equation (E21.12b) is constant. 
Therefore, the right side of Equation (21.12b) must 
remain constant, and the only way this can be 
accomplished at constant Noy is for A to remain constant. 
Therefore, there are three possibilities. The simplest is to 
increase L by 10%, to 22 kmol/h. The pressure and 
temperature can also be adjusted. The new value of m = 
0.257, which results in either a pressure of 1.32 atm or a 
temperature of 24.3°C. 


It is important to remember the qualitative trends illustrated 
in Examples 21.13 and 21.14. Even if the Colburn method is not 
applicable, the trends are identical, but the numbers would 
change. 


21.4 EXTRACTION EQUIPMENT 


There is a wider variety of liquid-liquid contacting equipment 
than vapor-liquid contacting equipment. Both tray and packed 
columns can be used but are not as common as more modern, 
proprietary contacting equipment. Given that these equipment 
details are proprietary, performance details are limited. 
Extraction equipment can be classified into four major 
categories: mixer-settler, static, agitated, and centrifugal. 


21.4.1 Mixer-Settlers 


A mixer-settler includes two pieces of equipment. The two 
liquid phases are mixed together, and the mixer can be designed 
to have a residence time sufficient to ensure equilibrium is 
attained. Then, the settler, a separate tank, is used to disengage 
the two immiscible phases. Figure 21.44 shows a 
countercurrent, mixer-settler schematic. Mixer-settlers have 
high stage efficiency, approaching unity, and are good for 
viscous fluids, but they are expensive if many stages are needed, 
since two pieces of equipment are required per stage. Any 
student who used a separatory funnel in organic chemistry 
laboratory has actually simulated a mixer-settler. 
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Figure 21.44 Countercurrent Mixer-Settler Schematic 


21.4.2 Static and Pulsed Columns 


Static columns include spray columns, tray columns, and 
packed (random and structured) columns. These are illustrated 
in Figure 21.45. They have higher capacities and are less 
expensive than mixer-settlers, but they have lower efficiencies 
than mixer-settlers and agitated extractors. Other advantages of 
static columns are low cost and familiar equipment design. 
Spray columns typically are one theoretical stage. It has been 
reported that typical packed columns have up to five theoretical 
stages, while tray columns can have more theoretical stages, but 
not usually more than eight [17]. Packed extraction columns 
typically have alternating packing and liquid redistribution 
zones to avoid flow maldistribution, such as channeling, as 
shown in Figure 21.45(b). 
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Figure 21.45 Static Extraction Columns 


A variation on a static column is a pulsed column, in which 
short pulses, up and down, are imposed on the flowing fluids. 
On the up-stroke, the light liquid is dispersed into the heavy 
phase, and on the down-stroke, the heavy phase in injected into 
the light phase. This is possible in both tray and packed 
columns. A subsequent variation on the pulsed column is the 
Karr extractor, where the trays themselves move up and down, a 
schematic of which is illustrated in Figure 21.45(d). The trays do 
not have downcomers and can have as little as 1-in tray spacing, 
which makes up for the very low efficiencies, which can be as 
low as the 5% to 10% range. 


21.4.3 Agitated Columns 


Agitated extraction columns involve adding energy via stirrers 
or similar agitation devices. The York-Scheibel column (Figure 
21.46[a]) is designed to simulate a series of mixer-settlers. This 
type of column has turbine impellers and baffles to simulate a 
mixer, and the coalescer simulates a settler. The rotating-disk 
contactor (Figure 21.46[b]) is similar to the York-Scheibel 
column, except that rotating disks are used to add energy and 
provide agitation. These columns can have high efficiencies, but 
that is dependent on the energy input via the shaft. They can be 
expensive to purchase and to operate, depending on the trade- 
off between efficiency (column size) and energy input. Other 
designs include the Oldshue-Rushton [18] column and the 
Kühni column [19]. The Kiihni column can be adapted for 
changing physical properties within the column and is 
amenable to scale-up. An advantage of agitated columns is that 
a large number of theoretical stages is possible, perhaps more 
than 20 for the Kühni column. The major disadvantage is high 
cost. 
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Figure 21.46 (a) York-Scheibel Extractor, (b) Rotating Disk 
Contactor (SCHEIBEL ® Column Courtesy of Koch.Glitsch 
LP, Wichita, Kansas) 


21.4.4 Centrifugal Extractors 


Centrifugal extractors contact the two phases continuously by 
taking advantage of the density difference between the fluids in 
a centrifugal field. One of the most common centrifugal 
extractors is a Podbielniak extractor, shown in Figure 21.47. The 
heavy liquid flows to the outside, while the light liquid flows to 
the inside. Then both are collected and removed from the 
device. A single centrifugal extractor can accomplish the 


separation of five (perhaps a few more) theoretical stages in a 
single unit. Due to the high centrifugal forces possible, they can 
handle liquid pairs with small density differences. Centrifugal 
extractors are expensive to purchase and to operate. 
Historically, Podbielniak extractors have been used extensively 
in the pharmaceutical industry where the volume of products 
are small and highly pure products are required, for example, in 
the purification of penicillin. A comparison of extraction 
equipment is in Table 21.10. 


Operation as a Counter 
Current Contactor 


Figure 21.47 Podbielniak Extractor Photograph and 
Schematic (Courtesy of VertMarkets, Inc.) 


Table 21.10 Summary of Extraction Equipment 
Type Examples Advantages Disadvantages 


| Mixer- High Expensive | 


Settler 


Static 


Agitated 


Spray 


Tray 


Packed 


Pulsating/reciprocating 
(Karr is similar) 


York-Scheibel 


Rotating disk contactor 


Oldshue-Rushton 


residence 
time 
possible 
Efficiency 
can 
approach 
one 

Good for 
viscous 
fluids 


Simple, 
inexpensive 


2-8 
theoretical 
stages 
High 
capacity 
Low cost 
Familiar 
sizing 
method 


2-5 
theoretical 
stages 
Low cost 
High 
capacity 
Familiar 
sizing 
method 


Average 
cost 

Low tray 
spacing, so 
many 
actual 
stages 


High 
efficiency 


Average 
cost 


High 
efficiency 


Average 
cost 


High 
efficiency 


Average 


for many 
stages 


Usually only 
one 
theoretical 
stage 


Stages have 
low 
efficiency 


Average 
capacity 
Low stage 
efficiency: 
5%-10% 


cost 


Kühni 30 Expensive 
theoretical 
stages 
possible 
Adaptable 
for scale-up 
and 
changing 
conditions 
within 
column 


Centrifugal Podbielniak High Expensive 
efficiency Low capacity 


Additional information on extraction equipment is available 
[17, 19]. 


21.5 GAS PERMEATION MEMBRANE 
SEPARATIONS 


Membrane separations include gas permeation, ultrafiltration, 
reverse osmosis, nanofiltration (such as reverse osmosis, but for 
organic molecules), and dialysis. Filtration could be considered 
a membrane separation, although it is often considered to be a 
fluid mechanics problem, because the key element is flow 
through the filter cake, which is like a packed bed. While the 
focus here is on gas permeation, the equipment involved is 
similar for all membrane separations. 


21.5.1 Equipment 


Membrane separation equipment falls into three general 
categories. Flat membranes are possible; however, they do not 
provide much surface area per unit equipment size, so the 
applications are limited. Spiral-wound membranes create more 
membrane surface area per volume of equipment. Figure 21.48 
illustrates a spiral-wound membrane, and Figure 21.49 
illustrates the underlying flow patterns. 
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Figure 21.48 Spiral-Wound Membrane (Reprinted by 


Permission from Geankoplis, C., Transport Processes and 
Separation Principles, 4th ed. [Upper Saddle River, NJ: 
Prentice Hall, 2003]) 
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Figure 21.49 Flow Patterns in Spiral-wound Membrane 
(Geankoplis, C., Transport Processes and Separation 
Principles, 4th ed. [Upper Saddle River, NJ: Prentice Hall, 
2003]. Reprinted and Electronically Reproduced by 
Permission of Pearson Education, Inc., New York, NY.) 


With the advent of technology that allows polymers to be 
spun into hollow fibers, membrane modules that have the 
appearance of a shell-and-tube heat exchanger were developed. 
A hollow-fiber module is illustrated in Figure 21.50. The hollow 
fibers are illustrated in Figure 21.51. Outside diameters are in 
the 200 to 1000 um range, and wall thicknesses are in the 50 to 
250 um range. Most of these membranes are asymmetric, 
meaning that they have multiple layers with different 
properties. For example, many of these membranes have a 
support layer with a thin diffusing layer, with the thin diffusing 
layer on the order of 0.1 um. For comparison, human hair is in 
the range of 30 to 100 um. So, hollow fibers are about an order 
of magnitude larger than a human hair with a “hole” in the 
middle that allows the fiber to approximate a tube. Thousands 
of hollow fibers can be in a single module. 
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Figure 21.50 Illustration of Hollow Fiber Module 
(Geankoplis, C., Transport Processes and Separation 
Principles, 4th ed. [Upper Saddle River, NJ: Prentice Hall, 
2003]. Reprinted and Electronically Reproduced by 
Permission of Pearson Education, Inc., New York, NY.) 


Figure 21.51 Hollow Fiber Membranes (Courtesy of Spintek 
Corp.) 


The advantage of hollow-fiber membranes is identical to 
shell-and-tube heat exchangers, which is that a large amount of 
surface area/unit volume of equipment is possible. While the 
module appears to mimic a shell-and-tube heat exchanger, the 
flow patterns do not. In a shell-and-tube heat exchanger, there 
are two inlet streams and two outlet streams. In a hollow-fiber 
module, there is one input and two outputs, with the two 
outputs being the permeate stream and the less permeable 
(called retentate) stream. In fact, the most analogous 
separation to gas permeation from an input-output perspective 
is a partial vaporization/partial condensation/flash separation 
(Section 21.2.1). 


21.5.2 Models for Gas Permeation Membranes 


The simplest possible model for gas permeation membrane 
equipment is the “well-mixed” model. The validity of this model 
is discussed later; however, it is useful to understand the 
concept behind gas permeation. This model is illustrated in 
Figure 21.52. 
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Figure 21.52 Well-Mixed Model for Gas Permeation 
Membrane 


The subscripts p and r indicate permeate and retentate, 
respectively. The variables p and y indicate pressure and mole 
fraction, respectively, and F indicates molar flowrate. The 
upstream side is at a higher pressure than the permeate side, 
which increases the driving force across the membrane. For the 
simple model, a two-component system is assumed. 

A total balance and a balance on the more permeable 
component are 


Fin = Fp + Fout (21.75) 
FinYin = pYp + FoutYr (21.76) 
Rearrangement of Equations (21.75) and (21.76) gives 


1—90 ; 
pan canal l $ = (21.77) 
where 0 = F,/Fin, which is often called the stage cut. It is a 
similar term to V/F in the flash-type separations, one outlet 
flowrate divided by the feed flowrate. 


The balances must be combined with rate expressions for 
transport across the membrane. The rate expressions, assuming 
ideal gas, are 


PA 
FpYp = | Prive — Pp¥p| (21.78) 


Fy (1~ up) = "fp, (1 — ur) — Pp l- y) 
(21.79) 


where P, and Pz are the membrane permeabilities of the more 
permeable component (A) and the less permeable component 
(B), respectively, and tm is the membrane thickness. Tables of 
permeabilities are available [1, 15]. Taking the ratio of 
Equations (21.78) and (21.79) yields 


Yp m PrYr — PpYp 
1— Yp Pr (1 Yr) Pp (1 Yp) 
(21.80) 


where a AB is the ratio of the permeabilities, PA/PB. 
Sometimes, the following rearranged form of Equation (21.80) 
makes calculations easier: 


w [(aan -D (F) A— yy) +1] 


aap — (aap — 1) Yp 
(21.81) 


Yr = 


The area, A, can be obtained from either rate expression, 
Equation (21.78) or (21.79), for a given membrane and 
thickness, once all flows and mole fractions are known. 

Clearly, given the geometry of hollow-fiber membrane 
modules, the well-mixed assumption is a crude model. 
Crossflow arrangements are possible, where the feed and 
retentate are in the middle of the hollow-fiber bundle. 
Depending on the exact geometry of the equipment, both 
countercurrent and cocurrent flows are possible, and it is 
possible to have both in the same piece of equipment. Figure 
21.53 illustrates some of these possible flow configurations. 
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Figure 21.53 Some Flow Models for Gas Permeation 
Membranes (Geankoplis, C., Transport Processes and 
Separation Principles, 4th ed. [Upper Saddle River, NJ: 
Prentice Hall, 2003]. Reprinted and Electronically 
Reproduced by Permission of Pearson Education, Inc., New 
York, NY.) 


The mathematical analysis of these models involves 
differential equations, and they parallel both the development 
for shell-and-tube heat exchangers and continuous differential 
separators. Turbulent flow is usually assumed in modeling heat 
exchangers and packed bed, vapor-liquid separators. However, 
given the very small diameters involved in hollow-fiber 
membranes, laminar flow is possible, so the parabolic velocity 
profile may have to be included. Clearly, these models are far 
more complex than the well-mixed model, and numerical 
solutions of the differential equations are often required. A 
summary of some of these models is available [15]. 


21.5.3 Practical Issues 


Gas permeation is typically used for separations involving 
noncondensable gases. It is more useful for some separations 
than for others. As the permeate concentration increases, the 
permeate flowrate decreases. Gas permeation equipment can be 
staged; however, recompression of the permeate is expensive. 
The upstream side is typically at a higher pressure than the 
permeate to increase the driving force, as suggested by 
Equations (21.78) and (21.79). As stated, as the permeate from 
subsequent stages increases in concentration, the flowrate 
decreases. Therefore, gas permeation is more useful as a 
polishing step, that is, removal of dilute contaminants, than as a 
coarse separation, such as distillation. This suggests that gas 
permeation may be better suited for purifying the retentate 
rather than the permeate. 


WHAT YOU SHOULD HAVE LEARNED 


The separation basis and separating agent for the most common 
chemical engineering separations 


How to determine the size of tray columns and packed columns 


The key design parameters affecting tray columns and packed 
columns 


The internals of tray and packed columns 


The impact of the reboiler and condenser on the design and 
performance of distillation columns 


The economic trade-offs for tray and packed columns 


The performance of existing tray and packed columns 


The types of equipment used in extraction, their advantages and their 
disadvantages 


The type of equipment used for gas permeation membrane 
separations 


REFERENCES 


1. Wankat, P., Separation Processes. Includes Mass Transfer 
Analysis, 4th ed. (Upper Saddle River, NJ: Prentice Hall, 
2017). 

2. Seader, J. D., E. J. Henley, and D. K. Roper, Separation 
Process Principles. Chemical and Biochemical Applications, 
3rd ed. (New York: Wiley, 2011). 

3. Treybal, R. E., Mass Transfer Operations, 3rd ed. (New 
York: McGraw-Hill, 1980). 

4. Couper, J. R., W. R. Penney, J. R. Fair, and S. M. Walas, 
Chemical Process Equipment, Selection and Design, 3rd ed. 
(Boston: Elsevier, 2012). 

5. Kremser, A., “Theoretical Analysis of Absorption Process,” 
Natl. Petrol News 22, no. 21 (1930): 42. 

6. Souders, M., and G. G. Brown, “Fundamental Design of 
High Pressure Equipment Involving Paraffin Hydrocarbons. 
IV. Fundamental Design of Absorbing and Stripping 


Columns for Complex Vapors,” Ind. Eng. Chem. 24 (1932): 
519-522. 

7. Colburn, A. P., “A Method of Correlating Forced Convection 
Heat Transfer Data and a Comparison with Fluid Friction,” 
Trans. AIChE. 29 (1939): 174. 

. Kister, H., Distillation Design (New York: McGraw-Hill, 
1992). 

9. Hebert, S., and N. Sandford, “Consider Moving to Fixed 

Valves,” Chem. Engr. Prog. 112, no. 5 (2016): 34—41. 


lee) 


10. Pilling, M., 2006. “Design Considerations for High Liquid 
Rate Tray Applications,” Proceedings of 2006 AIChE 
Annual Meeting, Paper 264e. 

11. Fair, J. R., and R. L. Matthews, “Better Estimate of 
Entrainment from Bubble-Cap Trays,” Petrol Refin. 37, no. 4 
(1958): 153. 

12. O’Connell, H. E., “Plate Efficiencies of Fractionating 
Columns and Absorbers,” Trans. Amer. Inst. Chem. Eng. 42 
(1946): 741. 

13. Stichlmair, J. G., and J. R. Fair, Distillation. Principles and 
Practice (New York: Wiley, 1998). 

14. Eckert, J. S., “Selecting the Proper Distillation Column 
Packing,” Chem. Eng. Prog. 66, no. 3 (1970): 39-44. 

15. Geankoplis, C., Transport Processes and Separation 
Principles, 4th ed. (Upper Saddle River, NJ: Prentice Hall, 
2003). 

16. Perry, R. H., and D. W. Green, eds., Perry’s Chemical 
Engineers’ Handbook, 7th ed. (New York: McGraw-Hill, 
1997): 261-275. 

17. Koch, J., and G. Shiveler, “Design Principles for Liquid- 
Liquid Extraction,” Chem. Engr. Prog. 111, no. 11 (2015): 
22-30. 

18. Regents of the University of Michigan. 2014. Encyclopedia 
of Chemical Engineering Equipment. 
http: //encyclopedia.che.engin.umich.edu/Pages/SeparationsChemical/Extractors/Ext1 

19. Koch Modular Processes, 2000—2016. Extraction Column 
Types. http://modularprocess.com/liquid-liquid- 
extraction/extraction-column-types. 


20. Berry, R. I., Chem. Eng. 88 (July 13, 1981): 63. 


SHORT ANSWER QUESTIONS 


1. Sketch a T-xy diagram for an ideal, binary mixture. 


ps 


Illustrate a partial vaporization for a feed of 25 mol% of the more volatile 
component. Indicate the two phases in equilibrium, the bubble point, and 
the dew point. 


N 


. Illustrate a partial condensation for a feed of 50 mol% of the more volatile 
component. Indicate the two phases in equilibrium, the bubble point, and 
the dew point. 


2. Sketch a P-xy diagram for an ideal, binary mixture. 


1. Illustrate a flash for a feed of 75 mol% of the more volatile component. 
Indicate the two phases in equilibrium, the bubble point, and the dew 
point. 

. Illustrate a partial condensation for a feed of 50 mol% of the more volatile 
component. Indicate the two phases in equilibrium, the bubble point, and 


N 


the dew point. 


3. What are the physical assumptions of constant molar 
overflow? What are the consequences? To what types of 
systems does constant molar overflow typically apply? 


4. State three reasons for requiring a high reflux ratio. 
Illustrate these on a McCabe-Thiele diagram. 


5. How does the feed condition (saturated, superheated, 
subcooled) affect the reflux ratio for a given feed mole 
fraction? Illustrate the answer on McCabe-Thiele diagrams. 


6. What are the limiting cases for reflux ratio? Why are neither 
of these cases practical? 


7. What is the best location for the distillation column feed? 


8. What happens if the feed to a distillation column is not at 
the optimum location? Illustrate this on a McCabe-Thiele 
diagram. 


g. A distillation column requires 18 equilibrium stages that are 
40% efficient. It has a partial reboiler. 


1. How many trays are in the column if there is a total condenser? 


2. How many trays are in the column if there is a partial condenser? 


10. Why are some distillation columns run at elevated 
pressures? State and explain as many reasons as you can. 


11. Why are some distillation columns run at vacuum? State and 
explain as many reasons as you can. 


12. The feed to a distillation column is significantly subcooled. 
What happens on the feed tray? What is the potential effect 
on column diameter? What is the effect on the reboiler and 
condenser duties? 


13. The feed to a distillation column is significantly superheated. 
What happens on the feed tray? What is the potential effect 
on column diameter? What is the effect on the reboiler and 
condenser duties? 


14. Explain the relationship between reflux ratio and the 
number of equilibrium stages in a distillation column. 


15. What is flooding? What is loading? What is weeping? 


16. Discuss the advantages and disadvantages of sieve trays 
versus bubble cap trays. 


17. Why might vacuum columns be designed with a larger 
diameter above the feed compared to below the feed? 


18. Does tray spacing have an effect on column diameter? 
Explain why or why not. 


19. The feed to a column is to be saturated liquid. An initial 
design based on the column conditions below the feed shows 
that trays above the feed might be weeping. Suggest possible 
remedies. 


20. Discuss the advantages and disadvantages of packed versus 
tray columns. 


21. An existing distillation column is to be scaled up (increase 
throughput) without changing the distillate and bottom 
compositions. What happens to the reflux ratio? What 
problems might arise in the performance of this column? 


22. For the distillation column in Problem 21.21, it is suggested 
to change the pressure of the column. Explain why this 
might work. 


23. For the distillation column in Problems 21.21 and 21.22, 
how can the pressure in the column be changed? 


24. For the distillation column in Problems 21.21, 21.22, and 
21.23, someone suggests that the column pressure can be 
increased by increasing the feed pressure. What is your 
response? Explain the rationale for your response. 


25. The preliminary design of a distillation column shows that it 
is flooding. If, for some reason, the diameter cannot be 
changed, suggest two other design modifications that could 
alleviate this problem, and explain why each works. 


26. A colleague gives you a preliminary tray column design. It 
shows 12-in tray spacing with 8-in weirs. There are 30 actual 
trays, and the diameter is 5 ft. Comment on all aspects of 
this design and suggest changes, if necessary. 


27. A colleague gives you a preliminary tray column design. It 
shows 24-in tray spacing with 6-in weirs. There are 60 
actual trays and the diameter is 5 ft. Comment on all aspects 
of this design and suggest changes, if necessary. 


28. What is a packing factor, and how does it affect packed 
column design? 


29. What is the absorption (stripping) factor? How does it affect 
absorber (stripper) design? 


30. State three operating conditions that favor absorption (i.e., 
make absorption easier). Provide a physical explanation for 
each condition. 


31. State three operating conditions that favor stripping (i.e., 
make stripping easier). Provide a physical explanation for 
each condition. 


32. An absorber is not performing as specified, meaning that the 
target outlet vapor composition is higher than desired. State 
as many possible reasons for this that you can identify, and 
explain why each reason makes physical sense. 


33. A stripper is not performing as specified, meaning that the 
target outlet liquid composition is higher than desired. State 


as many possible reasons for this that you can identify, and 
explain why each reason makes physical sense. 


34. Comment on the following statement: A transfer unit in a 
packed column is numerically equivalent to an equilibrium 
stage in a tray column. 


35. What do height of a transfer unit and the number of transfer 
units indicate? 


36. Explain the physical reason why, when the absorption or 
stripping factor is less than one, increasing the number of 
stages or increasing packed column height does not increase 
the recovery of solute. 


37. What is the separation basis for distillation? What is the 
separating agent? 


38. What is the separation basis for absorption? What is the 
separating agent? 


39. What is the separation basis for extraction? What is the 
separating agent? 


40. What is the separation basis for leaching? What is the 
separating agent? 


41. What is the separation basis for gas permeation 
membranes? What is the separating agent? 


PROBLEMS 


42. For this problem, the feed is 60 mol% dimethyl ether (DME) 
and 40 mol% methanol. Assume that the equilibrium data 
provided are correct. 


1. A feed of 200 kmol/h is flashed at 5 bar and 50°C. What are the liquid 
and vapor flowrates and the mole fractions in the vapor and liquid exit 
streams? 

A feed of 200 kmol/h is to be fractionated to give a distillate containing 
98 mol% dimethy] ether and a bottoms product containing 98 mol% 
methanol. The feed is 20% vapor and 80% liquid. There is a total 
condenser and a partial reboiler. 

2. Determine the molar flowrates of the distillate and bottoms. 

3. Calculate all internal flows for operation at a reflux ratio of 0.1. 

4. In order to use cooling water in the condenser, assume that the DME 
must condense no lower than 55°C. Estimate the top pressure for this 
column. 

5. In order to use low-pressure steam in the reboiler, the bottom 
temperature must be no higher than 148°C. Estimate the bottom pressure 
for this column. 

6. Determine the diameter of a sieve tray tower with 18-in tray spacing to 
operate at 75% of flooding. The active tray area is 85% of the column area. 
Determine the diameter both above and below the feed. There are six 
equilibrium stages with the feed on the third stage. 

7. Assume that the tray efficiency is 42%. Estimate the maximum weir 
height for which trays can be designed to meet the pressure specifications. 

8. Suppose you determine that the height to diameter ratio for this column 
exceeds 20, which is usually the maximum recommended value. Suggest 
at least one design change that would result in a height to diameter ratio 
smaller than 20. Explain the rationale for your suggestion and its 


10. 


43. 
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consequences. 

Determine the diameter of a packed tower to operate at 70% of flooding 
using 1.5-in, ceramic Berl saddles. Determine the diameter both above 
and below the feed. 

Look up the behavior of the DME-methanol system. How would it impact 
the answers to this problem? 


Vapor Pressure Data 


InP* (bar) = A — Tn 


T(K) 
| A B 
| DME 10.543 2623.14 
| Methanol 12.8591 4336.7 
Other Data Liquid density (kg/m’) Viscosity (cP) 
| DME 655 0.5 | 
Methanol 788 0.4 


Cumene (isopropyl benzene) is manufactured from 
propylene and benzene. Most of the world’s supply of 
cumene is directly converted into phenol, which is a raw 
material for a variety of products such as plasticizers. 
Acetone is also manufactured as a by-product of phenol 
manufacture. The separation section of a cumene process 
consists of a flash, to remove the unreacted propylene, 
followed by a distillation column to separate the benzene 
and produce purified cumene as the bottom product. 


For this problem, consider that the flash contains only propylene and 
benzene and operates at 3 atm and 100°C. The feed contains 80 mol% 
benzene and 20 mol% propylene. On a basis of 200 kmol/h feed, 
determine the flowrates of vapor and liquid leaving the flash. 

The feed to the distillation column is 60% liquid at 200 kmol/h 
containing 48 mol% benzene. It is necessary to produce 99 mol% cumene 
in the bottom product and 98 mol% benzene in the top product for 
recycle. The distillation column contains a total condenser and a partial 
reboiler. The column operates at an average pressure of 3 atm. 


Determine the flowrates of the distillate and the bottoms. 


. For a reflux ratio of 0.85, calculate all internal flows. 


Estimate the heat loads (kJ/h) on the condenser and reboiler. 

Estimate the column efficiency and determine the actual number of trays, 
the actual number of stages, and the actual feed location. There are 10 
equilibrium stages, with feed on Stage 4. 

Design a sieve tray column for 75% of flooding, with 85% active tray area 
and with 18-in tray spacing. Specify the column diameter and the actual 
column height. Ignore the surface tension correction. It is up to you to 
determine whether to design for the top section or for the bottom section. 
You should justify your choice. 


Estimate the pressure drop (kPa) in the column if the trays have 6-in 
weirs. 

Design a packed column for 75% of flooding with 2-in, ceramic Raschig 
rings. It is up to you to determine whether to design for the top section or 


for the bottom section. You should justify your choice. 


9. There is an existing column with the correct number of trays with a 2 m 
diameter and 85% active area. Will this column work? Explain why or 
why not. Your answer must be supported with calculations. Could 
anything be done to make this column work? If so, what are the 
consequences? 

10. The original column is now built and operational, and the feed is 60% 
liquid. Due to a reactor upset, it is now necessary to accept feed, still 60% 
liquid, at the same rate but containing 50 mol% benzene, with the 
remainder cumene. It is still necessary to produce 99 mol% cumene at the 
same rate from the bottom of this column. You assign your summer 
intern the job of determining new operating conditions. The answer you 
get back is to operate at a reflux ratio of 0.75. Will the column operate at 
these conditions? 


Data: 
For propylene, 
773.29 
lo * (mm Hg) = 6.77811 — ——_____ 
SioP * ( g) TCC) +232 
For benzene, 
1211.033 


Average column relative volatility = 6 

Feed viscosity = 0.3 cP 

Benzene density = 800 kg/m3 

Cumene density = 700 kg/m3 

Benzene heat of vaporization = 3.07 x 104 kJ/kmol 
Cumene heat of vaporization = 3.81 x 104 kJ/kmol 
Estimated top temperature = 56°C 

Estimated bottom temperature = 178°C 

Benzene viscosity = 0.4 cP 


Cumene viscosity = 0.3 cP 


44. A distillation column is fed 500 kmol/h of an equimolar 
mixture of pentane and hexane. The feed is saturated liquid. 
It is necessary to produce outlet streams containing 95 mol% 
pentane and 99 mol% hexane. The distillation column 
contains a partial reboiler and a total condenser. 


1. Determine the exit flowrates D and B. 


2. If the reflux ratio is one, determine all of the internal molar flowrates in 
the column. 

3. Estimate the condenser and reboiler heat loads. 

4. Inthe summer, cooling water is available at 30°C and is returned at 40°C. 
In the winter, cooling water is available at 25°C and is returned at 35°C. 
Assuming a 10°C approach in the condenser, based on the cooling water 
return temperature, determine the seasonal top column pressures. 

5. Ifthe column pressure drop is 15 kPa, determine the seasonal bottom 
column temperatures. 

6. There are 15 equilibrium stages, with the feed on stage 5. Determine the 
diameter of a sieve tray column with 24-in tray spacing for 70% of 
flooding and an active tray area of 88%. Calculate the diameter for both 
the top and bottom sections. If the column is designed for the larger 
diameter, how will the other section perform? 

7. Determine the diameter of a packed column with 2-in, ceramic Berl 
saddles at 70% of flooding. Calculate the diameter for both the top and 
bottom sections. If the column is designed for the larger diameter, how 


will the other section perform? 


Data: 


Ufeed = 0.25cP, pr = 650kg/m* 
As = 25, 720kJ/kmol,Ag = 29, 632kJ /kmol 
SGs,1 = 0.626 
SGo,1 = 0.655 
Us, = 0.173cP, s,, = 0.175 cP 


logig pš (mm Hg) = 6.85296 — To 


* : unir 
logig p* (mm Hg) = 6.87601 — T(°C)+224.408 


45. For this problem, the feed is 40 mol% heptane and 60 mol% 
ethylbenzene. A saturated liquid feed of 200 kmol/h is to be 
fractionated at atmospheric pressure to give a distillate 
containing 98 mol% heptane and a bottoms product 
containing 1 mol% heptane. 


Determine the molar flowrates of distillate and bottoms. 


j 


Calculate all internal flows for operation at a reflux ratio of 1.5. 
. Estimate the condenser and reboiler duties, in kW. 


Estimate the top and bottom temperatures, in °C. 


af w DP 


Design a tray tower with 18-in tray spacing to operate at 75% of flooding. 
The active tray area is 75%. You should decide whether to design for the 
top or for the bottom of the column. There are 17 equilibrium stages with 
the feed on Stage 10. 

6. Design a packed tower with 2-in, ceramic INTALOX™ saddles for 70% of 
flooding. You should decide whether to design for the top or for the 
bottom of the column. 

Vapor pressure data: 

For heptane, 


1267.828 
T (°C) + 216.823 


log; 9p * (mm Hg) = 6.90253 


For ethylbenzene, 


1423.543 
log,)p * (mm Hg) = 6.95650 


T (°C) + 213.091 


Other data: 


Liquid Normal Latent 
Density bp Heat Viscosity 
MW (kg/m’) (°C) (kJ/kmol) (cP) 
| Heptane 100 680 98.4 35,600 0.3 
| Ethylbenzene 106 867 136.2 35,900 0.35 


46. A feed of 500 kmol/h of methanol and ethanol are to be 
distilled at 2 bar. The feed is 60 mol% methanol, and the 
feed is 75% liquid and 25% vapor in equilibrium. The desired 
outlet compositions are 90 mol% methanol in the distillate 
and 95 mol% ethanol in the bottoms. 


1. 
2. 


3. 


47. 


ps 


48. 


Determine the flowrates of the distillate and the bottoms (kmol/h). 
Calculate all internal flows for a reflux ratio of 3. 

Determine the diameter of a sieve tray tower with 24-in tray spacing at 
70% of flooding with an active tray area of 89%. Design for the top and 
bottom sections. If the larger diameter is used for the entire column, how 
will the other section perform? There are 19 equilibrium stages with the 
feed on Stage 7. 

Data: 

For methanol, 


1574.99 
T (°C) + 238.87 


log,)p * (mm Hg) = 8.07240 


For ethanol, 


1652.050 


log, p * (mm Hg) = 8.21330 — —_ 
810p * (mm Hg) T (°C) + 231.480 


Methanol heat of vaporization = 40.5 kJ/mol 
Ethanol heat of vaporization = 38.3 kJ/mol 
Methanol specific gravity = 0.75 

Ethanol specific gravity = 0.75 


CO, is to be stripped from water at 20°C and 2 atm using a 
staged, countercurrent stripper. The liquid flowrate is 100 
kmol/h of water with an initial mole fraction of CO, of 
0.00005. The inlet air stream contains no CO,. A 98.4% 
removal of CO, from the water is desired. The Henry’s law 
constant for CO, in water at 20°C is 1420 atm. 


Calculate the outlet mole fraction of CO, in water. 
Tf there are seven equilibrium stages, calculate V and the outlet mole 
fraction of CO, in the air. 


An absorber is designed to treat 40 kmol/h of air containing 
acetone with a mole fraction of 0.02 and reduce the mole 
fraction to 0.001. Pure water is the solvent, at a rate of 20 
kmol/h. The column temperature is 26.7°C, and the pressure 
is 1 atm. Raoult’s law may be assumed to apply, and 

3598.4 


. How many equilibrium stages are needed? 


. Assume that a column with five equilibrium stages is built and 


operational. It is now observed that the outlet mole fraction of acetone in 
the air is 0.002. Describe and explain at least four possible causes of this 
situation. Quantify what is happening in the column for each case. 


. Suggest realistic ways to compensate for this problem. An example of a 


nonrealistic compensation method is to reduce the air feed, which is 
probably fixed upstream. 


. The column is operating normally, but you are told to expect a 10% 


increase in air to be treated. How can you change column operation to 
ensure the desired outlet mole fraction of acetone in air? Be quantitative. 


. The column is operating normally, but you are told to expect an inlet mole 


fraction of acetone of 0.025. How can you change column operation to 
ensure the desired outlet mole fraction of acetone in air? Be quantitative. 


. The column is operating normally, but you are told that the outlet mole 


fraction of acetone must be reduced to 0.00075. How can you change 
column operation to ensure the desired outlet mole fraction of acetone in 
air? Be quantitative. 


49. Sulfur dioxide (SO.) is removed from a smelter gas (which 
may be considered to have the properties of pure air) 
containing 0.80 mol% SO, by absorption into a solution 
with the properties of pure water in a countercurrent tower. 
The exit SO, concentration in the gas phase must be 0.04 
mol%. The tower is designed to operate at exactly 30°C and 
at 4 bar. At these conditions, the equilibrium relationship is 
y = 0.1923x, where y is the mole fraction of SO. in the gas 
phase, and x is the mole fraction of SO, in the water phase. 
The feed rate of gas is 0.36 kmol/s and 1 mole of aqueous 
solution is used for every 4 moles of feed gas. 


1. What is the ratio of the solvent rate to the minimum solvent rate? 
2. For a tray tower, determine the number of equilibrium trays required for 
this separation. Include fractional trays in your answer. 


3. Assume the number of equilibrium stages is 6.5. Due to a temporary upset 
upstream, it is now necessary to treat gas at the higher feed concentration 
of 1 mol% SOs. If the temperature and pressure must remain constant at 
30°C and 4 bar, what do you suggest to accommodate the higher 
concentration in the feed? 


50. An air stream flowing at 1500 kmol/h containing benzene 
vapor is to be scrubbed using 25 kmol/h of hexadecane 
(C16H34) as the solvent. The mole fraction of benzene in the 
inlet gas is 0.010, and the required outlet mole fraction is 
0.00050. The hexadecane is being returned to the scrubber 
from a stripper, so the mole fraction of benzene in the feed 
hexadecane is 0.00010. The column may be assumed to 
operate at 150 kPa and 35°C. Raoult’s law may be assumed 
to define the benzene equilibrium. Dilute solutions may be 
assumed. 


1. How many equilibrium stages are needed? Keep the decimal places. 

2. What is the outlet mole fraction of benzene in the hexadecane? What do 
you conclude about the assumptions made? 

3. The column is operational, and the outlet mole fraction of benzene in the 
air is measured to be 0.0010. You send an operator to check the 
conditions in the column, and the temperature, pressure, air flowrate, and 
hexadecane flowrate are all as per design specifications. Suggest two 
possible causes for the process upset, and provide exact values for the off- 
spec conditions, assuming that only one condition at a time is off-spec. 

4. Determine the diameter of a sieve tray column for an 18-in tray spacing 
for operation at 75% of flooding. The fraction of active tray area is 0.88. 

5. Determine the diameter of a packed column at 75% of flooding with 2-in, 
ceramic Raschig rings. 


logio py (mm Hg) = 6.90565 — Eee TET 
SGhesadecane liquid — 0.77 
SGrenzene liquid — 0.88 


Hhezadecane liquid = 3.474 cP 


51. A wastewater stream at 35,000 kmol/h containing benzene 
at a mole fraction of 0.001 is to be strippied with air in a 
column operating at 2 bar and 25°C. The outlet water must 
contain no more than 0.00004 mole fraction of benzene. 
The equilibrium between water and air for benzene at 2 bar 
and 25°C is y = 150x, where y is the mole fraction of benzene 
in air and x is the mole fraction of benzene in water. The air 
used is maintained in a closed loop. Benzene is recovered by 
condensation from the air stream; therefore, the air entering 
the stripper contains 0.005 mole fraction of benzene. 


As part of the design evaluation for this process, it is necessary to 
determine whether it is feasible to use an existing tray tower for this 
process. If the tower contains 9 equilibrium stages, and an air rate of 325 
kmol/h is the limit set by 80% of flooding, can the tower be used? 

You observe that there is some flexibility in the operating conditions of 
the tower in Part (a). Suggest one set of conditions under which the 
existing tower could be used. 


ps 


N 


52. When coal is burned to form synthesis gas (syngas), which 
contains mostly CO, H>, H.S, and CO,, the H.S must be 
removed. The gas is called syngas because H, and CO are the 
building blocks for synthesis of hydrocarbons. One method 
for removal of H S is the Selexol™ solvent, in which the H.S 
is highly soluble. The Selexol solvent is the dimethyl ether of 
polyethylene glycol and may be assumed to have a molecular 
weight of 300 kg/kmol, u = 2.5 x 10-3 kg/m s, and p = 900 
kg/m3. 

Consider the removal of H.S only from an otherwise inert 

mixture of gases; that is, none of the other gases are soluble in 

the Selexol solvent. The partition coefficient for HS between 
gas and solvent is given by the relationship 


460 +T (°F 
2 ae SAO aa 


P (atm) 


The problem at hand is the removal of H.S from a gas stream 
with the properties of air, initially containing 2% H.S, so that 
the exit gas only contains 0.05% H.S. The H.S-rich Selexol 
solvent is regenerated in a stripper using pure air. The absorber 
operates at 100 psig (6.8 atm gauge) and 70°F. The stripper 
operates at 1 atm absolute and 200°F. The stripper reduces the 
H.S content of the Selexol solvent to 0.5%, which is the feed 
concentration to the absorber. The gas to be treated is flowing at 
1000 kmol/h, and it may be assumed that the Selexol solvent 
circulates at 30,000 kg/h. In the packed-bed absorber, it is 
known that Hoy = 3.5 m. In the packed-bed stripper, it is known 
that Hoz = 0.25 m. It is proposed to use an existing stripper that 
is packed with a 5 m high section of 1.5-in, ceramic Raschig 
rings and has a diameter of 1.8 m. 


1. Determine the required absorber height. You may assume that the 
Colburn method is valid. 
2. Determine the exit H,S mole fraction in the Selexol solvent. Comment on 


this value. 

3. For the stripper, determine the amount of air needed. 

4. At what percentage of flooding is the stripper operating? Do you 
recommend operating under these conditions? 


5. Determine the pressure drop across the stripper, in kPa. 


53. Consider the removal of H.S only from air. The solvent has a 
molecular weight of 300, u = 2.5 x 10 `° kg/m/s, o = 30 
dyne/cm’*, and SG = 0.90. The partition coefficient for H.S 
between air and solvent is given by the relationship 

Y Z m=3.6 x 10 RER] 
r P(atm) 

The problem at hand is the removal of H.S from an air stream 

initially containing 0.10% H3S, so that the exit gas only contains 

0.0050% H-S. The absorber operates at an average pressure of 

6 atm and an average temperature of 50°F. The inlet H.S 

content of the solvent can be assumed to be zero. The gas to be 

treated is at 200 Ibmol/h, and it may be assumed that the 
solvent circulates at 2100 Ib/h. 


1. How many equilibrium stages are needed for this separation? 

2. There is a problem with the solvent pump, which must be taken off-line 
soon, and the spare pump can only provide solvent at 5 atm at a flowrate 
no higher than 105% of the original flowrate. Therefore, the feed gas is to 
be throttled to 5 atm. Since the heat exchangers for this process already 
uses refrigerated water, 50°F is the lowest possible temperature. You ask 
two summer interns to evaluate the situation. One says that everything 
should be okay. The other says that the absorber will not work. Which 
intern would you hire? 

3. What is the diameter of a sieve-tray column for this absorber with 24-in 
tray spacing for 70% of flooding with an active area of 90% of the total 
area? 

4. Ifthe trays are 20% efficient, is the height/diameter ratio within typical 
limits? Explain. 

5. Estimate the pressure drop in the actual column if there are 6-in weirs. 

6. What is the diameter of a packed column for this absorber with 1.5-in, 
ceramic Berl saddles at 75% of flooding? 


Chapter 22: Reactors 


WHAT YOU WILL LEARN 


The important roles of reaction kinetics, equilibrium, and heat 
transfer in determining the correct design for chemical reactors 


The hierarchy of configurations for removing heat from exothermic, 
gas-phase catalytic reactions 


That exothermic, gas-phase reactions may give rise to temperature 
hot spots in the reactor that can lead to dangerous conditions 


That the performance of existing reactors is complex and requires 
numerical solutions when temperature effects are taken into account 


As for other chapters in this section of the book, the intention of 
this chapter is not to replace a textbook on a specific topic, 
reaction engineering in this case, but rather to highlight some 
basic equations relating to chemical reactor design and then to 
investigate specific issues relating to equipment design and the 
performance of such equipment. For many industrially relevant 
reactions, there is a significant enthalpy change between the 
reactants and products, and this gives rise to the need to 
transfer energy (heat) to or from the reaction zone. Moreover, 
the forms of the reaction kinetics are most often dependent on 
an inverse exponential of absolute temperature (Arrhenius 
form). Therefore, most reactions are not isothermal, and the 
kinetics are strong functions of temperature, which leads to 
nonlinear behavior that cannot easily be formulated and solved 
by analytical methods. For many real, industrial processes, 
sophisticated models must be developed to predict the 
performance of the reactor accurately. However, in this chapter, 
only the basic equations are presented and some simple 
examples (with analytical solutions) are solved. Following this 
approach, some case studies are covered that investigate more 
complex situations. Where appropriate, the reader is referred to 
additional references that cover more complex analyses. 


22.1 BASIC RELATIONSHIPS 


22.1.1 Kinetics 


Consider a basic chemical reaction of the form 


b 
aA+bB>rRisS>A+t+ {Po TRET 
a a 
(22.1) 


where a, b, r, and s are the stoichiometric coefficients for the 
reaction. 


The reaction rate for species i (A, B, R, or S), 7;, is defined as 


1 dN; _ moles of i formed 


dt (volume of reactor) (time) 


(22.2) 


The reaction rate is an intensive property. This means that 
the reaction rate depends only on state variables such as 
temperature, concentration, and pressure and not on the total 
mass of material present. 

For solid catalyzed reactions, the reaction rate is often 
defined on the basis of the mass of catalyst present, W: 


_1dN _ 1ldN; 
“w aA yA 


Ti (22.3) 
where py is the bulk catalyst density (mass catalyst/volume 
reactor). The density of solid catalyst is defined as peat (mass 
catalyst particle/volume catalyst particle). So the bulk density of 
the catalyst, pp, is defined as 


Pb = (1 = E) Peat (22.4) 


where e is the void fraction in the reactor, and hence (1 — £) is 
ratio of the volume of catalyst to the volume of the reactor. 

If a reaction comprises an elementary step, the kinetic 
expression can be obtained directly from the reaction 
stoichiometry. For example, in Equation (22.1), if the first 
reaction occurs via an elementary step, the rate expression is 


-r4 = kich (22.5) 


For catalytic reactions, the rate expressions are often more 
complicated, because the balanced equation is not an 
elementary step. Instead, the rate expression can be obtained by 
an understanding of the details of the reaction mechanism. The 
resulting rate expressions are often of the form 


(22.6) 


Equation (22.6) describes a form of Langmuir-Hinshelwood 
(L-H) kinetics. The constants (k, and K;) in Equation (22.6) are 
catalyst-specific. All the constants in Equation (22.6) must 
normally be obtained by fitting reaction data. 


In heterogeneous catalytic reacting systems, reactions take 
place on the surface of the catalyst. Most of this surface area is 
internal to the catalyst pellet or particle. The series of 
resistances that can govern the rate of catalytic chemical 
reaction are as follows: 


1. Mass film diffusion of reactant from bulk fluid to external surface of 
catalyst 
2. Mass diffusion of reactant from pore mouth to internal surface of catalyst 


. Adsorption of reactant on catalyst surface 
. Chemical reaction on catalyst surface 


3 

4 

5. Desorption of product from catalyst surface 

6. Mass diffusion of product from internal surface of catalyst to pore mouth 
7 


. Mass diffusion from pore mouth to bulk fluid 


Each step offers a resistance to chemical reaction. Reactors 
often operate in a region where only one or two resistances 
control the rate. For a good catalyst, the intrinsic rates are so 
high that internal diffusion resistances are usually controlling. 
This topic is discussed in more detail in Section 22.1.3. 

The temperature dependence of the rate constants in 
Equations (22.5) and (22.6) is given by the Arrhenius equation: 


ki = koe” BF (22.7) 


where k, is called the pre-exponential factor, and E is the 
activation energy (units of energy/mol, always positive). 
Equation (22.7) reflects the significant temperature dependence 
of the reaction rate. For gas-phase reactions, the concentrations 
can be expressed or estimated from the ideal gas law, so ci = 
pi/RT. This is the origin of the pressure dependence of gas- 
phase reactions. As pressure increases, so does concentration, 
and so does the reaction rate. The temperature dependence of 
the Arrhenius equation usually dominates the opposite 
temperature effect, that is, a decrease in the concentration. 


Example 22.1 


For a simple first-order reaction, determine the relative 
change in reaction rate due to a change in temperature 
from 320°C to 350°C for the following reactions. Assume 
for Parts (a) and (b) that the concentration is unaffected 
by temperature. 
1. Elementary first-order reaction rate with an activation energy = 
20 kJ/mol 


2. Elementary first-order reaction rate with an activation energy = 
80 kJ/mol 


3. By how much would the answer change to Parts (a) and (b) if the 
effect of a change in temperature on concentration was taken into 
account? 


Solution 


Use the ratios of the rates from Equations (22.5) and 
(22.7), and use subscript 1 to represent the base case at 
320°2 and subscript 2 to represent the new case at 350°a. 
After cancelling terms, the following expression is found: 


—TA2 koe £/ ET CA2 e E/RT -Z [+ = +] 
= = Ze 


20,000 1 1 
8.314 | (350+273.2) (320+273.2) | — 1 216 


TTA2 


TAI 


Sri? de 1 | 
=e 8314 |(850+273.2) (32042732) | — 2,183 


3. Assuming the ideal gas law, 
CA = P/RT > CA2 /CA1 = T/T 
= (320 + 273.2)/(350 + 273.2) = 0.9519 
Therefore, for Parts (a) and (b), 
1. (—r42/— r41) = (1.216)(0.9519) = 1.158 
2. (—r4,2/ — T4, ) = (2.183)(0.9519) = 2.088 
Thus, the effect of temperature on the rate constant is 
significantly greater than the effect on concentration. 
Note that when the activation energy is high, a small 


change in temperature can have a dramatic effect on the 
rate of reaction. 


22.1.2 Equilibrium 


Thermodynamics provides limits on the conversion obtainable 
from a chemical reaction. For an equilibrium reaction, the 
equilibrium conversion may not be exceeded. The limitations 
placed on conversion by thermodynamic equilibrium are best 
illustrated by Example 22.2. 


Example 22.2 


Methanol can be produced from synthesis gas (syngas) 
by the following reaction: 


CO + 2H = CHOH 


For the case when no inerts are present and for a 
stoichiometric feed, the equilibrium expression has been 
determined to be 


_ X(3— 2X)? 


= —*_ = 4.8 x 107" exp(11,458/T) 
4(1 — X)? P? 


(B22.2) 


where X is the equilibrium conversion, P is the pressure 
in atmospheres, and T is the temperature in Kelvin. 
Construct a plot of equilibrium conversion versus 
temperature for four different pressures: 15 atm, 30 atm, 
50 atm, and 100 atm. Interpret the significance of the 
results. 


Solution 


The plot is shown on Figure E22.2. By following any of 
the four curves from low to high temperature, it is 
observed that the equilibrium conversion decreases with 
increasing temperature at constant pressure. This is a 
consequence of Le Chatelier’s principle, because the 
methanol formation reaction is exothermic. By following 


a vertical line from low to high pressure, it is observed 
that the equilibrium conversion increases with increasing 
pressure at constant temperature. This is also a 
consequence of Le Chatelier’s principle. Because there 
are fewer moles on the right-hand side of the reaction, 
increased conversion is favored at high pressures. 


Conversion, X 


` 300 400 500 600 700 800 
Temperature, T [K] 


Figure E22.2 Temperature and Pressure Dependence 
of Conversion for Methanol from Syngas 


From thermodynamic considerations alone, it appears 
that this reaction should be run at low temperatures in 
order to achieve maximum conversion. However, as 
shown in Example 22.1, the rate of reaction is a strong 
function of temperature. Therefore, this reaction is 
usually run at higher temperatures, with low single- 
pass conversion, in order to take advantage of the 
faster kinetics. As will be discussed in Section 22.1.4, 
despite a low single-pass conversion in the reactor, a 
large overall conversion is still achievable by recycling 
unused reactants. 


22.1.3 Additional Mass Transfer Effects 


Up to this point, only the reaction kinetics and the limiting 
thermodynamics of equilibrium have been considered. These 
phenomena are often sufficient for quantifying simple, 
homogeneous reacting systems. However, for heterogeneous 
systems such as those involving a fluid and catalyst particle, 
additional effects such as heat and mass transfer within the 
catalyst may be important. Unlike simple mass transfer, these 
resistances act both in series and parallel and cannot be 
combined simply. Figure 22.1 illustrates the processes involved. 
In order for a reaction to occur, reactant (component A) must 
first diffuse through an external gas film to reach the catalyst 
particle’s surface. Once at the surface, A reacts but also 
continues to diffuse into the porous particle and simultaneously 
reacts inside the particle. 


Mass transfer through gas film 


Bulk gas 
Cho 
Porous catalyst particle 


Gas film 


Mass transfer with simultaneous 
reaction throughout porous catalyst particle 


Figure 22.1 Processes Occurring in a Heterogeneous Catalyst 
Reaction System 


22.1.3.1 No Resistance to External Mass Transfer 


First, consider the case when the resistance to external mass 
transfer is small, and the concentration of gas at the particle’s 
surface is the same as in the bulk, c4; = c4o. For a first-order 
reaction with no change in the number of moles, the reaction 
rate is expressed in terms of the rate at the surface multiplied by 
an effectiveness factor, 7. The derivation of the catalyst 
effectiveness is similar to the fin effectiveness for heat transfer 
that was covered in Chapter 20. 


=r" sou [mol /m? catalyst / s] 


= k" [m*reactor /m* catalyst / J CAO | mol/ m*reactor| n 


(22.8) 


where the triple prime (¢¢¢)signifies a quantity based on a unit 
volume of catalyst, and 


V, 
k" Veatalyst = kV eactor > k" =k | = (1 a €) k 


catalyst 


(22.9) 


where e is the voidage of the catalyst bed defined as the volume 
of the void spaces between the particles divided by the total 
volume of gas and particles, and the effectiveness factor is given 
by 


n= t) (22.10) 
where 
Mr=L a (22.11) 
Deat 


The term Mis the Thiele modulus, which is a ratio of the 
rate of surface reaction to the rate at which reactant diffuses 


through the catalyst; L is the characteristic length of the catalyst 
particle (L = Dp/6 for a sphere and L = D,/4 for a cylinder); and 
Deat is the effective diffusion coefficient within the porous 
catalyst particle that takes account of the pore structure in the 
catalyst (tortuosity) and the contributions of both Fickian and 
Knudsen diffusion. 

The expression in Equation (22.10) is strictly correct for flat- 
plate geometry but works very well for cylinders and spheres if 
the appropriate characteristic length, L, is used. Equation 
(22.10) is plotted in Figure 22.2. 
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Figure 22.2 Catalyst Effectiveness as a Function of Thiele 
Modulus 


From Figure 22.2, when the value of Mis < 0.4, the catalyst 
effectiveness factor is 1, and the interior of the particle is bathed 
in gas with the same concentration as at the surface, Cas. For 
this region, the resistance to pore diffusion is negligible. For 
values of My > 4.0, the concentration of gas within the porous 
catalyst drops rapidly from the surface concentration. For this 
condition, there is strong pore resistance, and the effectiveness 
factor is essentially equal to the inverse of the Thiele modulus. 
In the intermediate regime, the effect of pore diffusion 
resistance increases with increasing Mr. Expressions for the 
Thiele modulus for reaction kinetics different from simple first 
order can be found in the common texts on reaction 
engineering. 


22.1.3.2 Including External Resistance to Mass Transfer 


To account for mass transfer effects, an external mass transfer 
coefficient, km, must be introduced, thus 


N, | mol /m” /s| = km [m/s] (cao — CAs) | mol/m | 
(22.12) 


where N, is the flux of reactant A transported from the bulk to 
the surface of the catalyst. N4 can be related to the reaction rate 


in Equation (22.8) as follows: 


Na | mol/ m2, / J = —r" A |mol/ m? catalyst / s] a |m" catalyst /m 


(22.13) 


where a is the ratio of the volume of catalyst to the external 
surface area or L, the characteristic length. 


Equating the terms in Equation (22.13) in terms of 
concentration gives 


m 
km (Cao — CAs) = k” casn L => cas 
= Keim +k" nL 


1 
k'!'nL CAO 


km 


A0 


CAs = 


nk" L 


m m n m m 
=r A ov = k CAs = A k CA0 = Qk CAO 
km 


(22.14) 


where is the overall effectiveness including internal and 
external mass transfer, 


n 


kL 
RUR 


N= (22.15) 


For the case when the surface reaction is so fast that the 
external mass transfer resistance becomes limiting (km << kk’”’ 
), the second term in the denominator becomes very large 


compared to 1. Combination with Equation (22.11), then, yields 


n ~ km _ kml 1 


Pa we L k"'"L Doat M2 


R= 


(22.16) 


For this condition, the concentration of reactant A at the 
surface of the particle c4s — 0, and the effective reaction rate is 


given by 
p" - km (cao Zz £ as) = kim CAO 
A,ov L L 
(22.17) 


For more complex reaction kinetics such as Langmuir- 
Hinshelwood, analytical solutions for the overall effectiveness 
are not available. However, in practice, over quite a wide range 
of operating conditions, it is usually possible to approximate the 
reaction kinetics by a first-order process, and the development 
given here can be applied over that range of conditions. 


22.1.3.3 Temperature Effects 


For highly exothermic reactions, significant temperature 
variations may occur within the catalyst particle and across the 
external gas film surrounding the particle. In extreme cases, the 


| 


particles may be much hotter in the center than the surrounding 
gas, causing catalyst sintering and rapid catalyst decay. The 
analysis of such systems is not covered here, but the interested 
reader is referred to Levenspiel [1] for a practical method of 
determining the temperature effects in catalyst systems. 


22.1.3.4 Choosing a Catalyst 


In practice, it does not make sense to operate far to the right of 
Figure 22.2 (large Mr), because so much of the internal catalyst 
surface area is unavailable for reaction. For very active catalysts 
where kis very high, it does makes sense to reduce the size of 
the catalyst particle in order to reduce the value of M7 or to 
dilute the active material within the particle, that is, reduce the 
loading of active material. Small catalyst particles also tend to 
be isothermal with little external mass transfer resistance. 
However, at some point, the pressure drop through a packed 
bed of small particles becomes excessive and, unless fluidized 
bed operation can be used, this sets a practical limit to the 
catalyst particle size. 


Example 22.3 


Consider the reaction of methanol to dimethyl ether 
(DME) via the gas-phase catalytic reaction using an 
amorphous alumina catalyst treated with 10.2% silica. 


2CH;OH = (CH;),O + H20 


There are no significant side reactions at temperatures 
less than 400°C, and the equilibrium conversion at these 
temperatures is greater than 99%. At temperatures 
greater than 250°C, the rate equation is given by 
Bondiera and Naccache [2] as 


m E 

=T MeOH = ko exp |- | CMcOH 
where —r” yeou is the rate of reaction of methanol in 
mol/m? catalyst/s, ko = 3.475 x 10° mê reactor/m® 
catalyst/s, E = 84.06 kJ/mol, and cyeor = concentration 
of methanol in mol/m* reactor. A typical feed to a packed 
bed reactor is 98% methanol at a pressure of 
approximately 14 atm. This reaction is exothermic and 
the temperature is expected to rise from 250°C to 350°C 
across the reactor bed with an expected conversion of 
methanol across the reactor of 80%. 
For this system, determine if there are any pore diffusion 
effects at the 


1. Reactor inlet 

2. Reactor outlet 

3. For Part (b) determine the overall effectiveness including external 
mass transfer, and comment on the influence of external mass 
transfer to the overall reaction rate. 


The internal diffusion coefficient for the porous catalyst 
is estimated to be 8 x 10 ° m/s, and the minimum 
catalyst particle size to avoid excessive pressure drop is 
estimated to be 3 mm diameter spheres. The mass 
transfer coefficient for methanol at 350°C and 14 atm 
pressure for this size of catalyst is approximately km = 
2.41 x 10 ° m/s. 


Solution 
1. At the reactor inlet, the temperature is 250°C = 523.2 K, and 


E 
k"! = ky exp -i = 3.475 x 10° exp |- 


84,060 
RT 


(8.314)(523.2) 
= 0.01407 


From Equation (22.11), the Thiele modulus is 
k" (0.003) / 0.01407 
Mr = L,| — = ——_, | — = 0.21 
E Deat 6 8 x 10-8 


_ tanh(Mr) _ tanh (0.21) 
Me OT 


and 
= 0.986 


So approximately 1.4% of the total surface area in the catalyst is 
not “used” because of the reduction in reactant concentration due 
to diffusion, and therefore, pore diffusion resistance is negligible 
at the front end of the reactor. 


2. At the reactor outlet, the temperature is 350°C = 623.2 K, and 
E 
k” = ko ex ——| = 3.475 
0 EXP | | 


84,06 
x 10° exp - wee 


eT] = 0.3127 
8.314) (623.2) 


From Equation (22.11), the Thiele modulus is 
| k" (0.003) / 0.3127 
Mr =L = ——_, | ————. = 0.989 
A Deat 6 8x 1078 
and 


_ tanh(Mr) _ tanh (0.989) 
= Mr 0.989 


= 0.765 


n 


This location in the reactor is in the intermediate pore diffusion 
resistance region. 

3. At the reactor outlet, compare the overall catalyst effectiveness Q 
to the internal effectiveness 7 using Equation (22.15): 


on 0.765 7 
T 14 eh = 4 q .0:765)(0.8127)(0.003) = 0.729 
a igs + “—~(o.002410)(6) 


From this result, it can be seen that the overall effectiveness 
decreases by only 4.7% (from 0.765 to 0.729); therefore, external 
mass transfer does not play an important role at these conditions. 


22.1.4 Mass Balances 


Consider a stream (Fo [mole/s]) containing several chemical 


species 7 (1 — n) entering a control volume (CV) of volume V 
[m°]. The conditions within the control volume are such that 
some of the species j will react to form products. In order to 
keep the formulation simple, it is assumed that the products are 
a subset of 1 — n. In general, the rate at which a given species is 
created may be expressed by a reaction rate per unit volume as 
ri Lmole/s/ m°]. The stream leaving the control volume (F 
[mole/s]) will have a different composition than the stream 
entering because some species will have reacted, and if the 
system is not operating at steady state, then the total number of 
moles within the control volume (N) will change with time. The 
situation described here is shown in Figure 22.3. Writing a 
material balance for species i gives the following relationship: 


Reactions taking place within CV, r; 


CV (N moles and Volume V) 
Figure 22.3 Material Flows in a Reacting System 
V 


dN; 
Fio + ridV — F; = 


dt 
(22.18) 


In words, Equation (22.18) means input of component i + 
reaction of component i — output of component i = 
accumulation of component i. So, this is nothing more than a 
straightforward material balance. The integral term on the left- 
hand side takes account of the changing conditions within the 
control volume. It should be noted that if multiple input and 
output streams existed, then Equation (22.18) should be 
expanded to include all the input and output streams. The 
overall mole balance would then be given by Equation (22.19). 


n n V n n dN; dN 
Drot) ndv-) R= TS 


i=1 
(22.19) 


At this point, it is convenient to introduce some terms that 
are commonly used to describe the behavior of reactors. In 
general, there is more than one reaction taking place in any 
reactor, and only a subset of those reactions produce the desired 
product. The other reactions produce undesired products (that 
have no value or that have to be removed at a cost) or by- 
products (products with some value that may be sold). 


. ; Reactant consumed in reactor 
Single-Pass Conversion, X = 2 
Reactant fed to reactor 


(22.20) 


. Reactant consumed in process 
Overall Conversion, Xos = ————————————— 
Reactant fed to process 


(22.21) 


If the process does not involve separation and recycle of 
unused reactants, then these two measures of conversion are 
identical. However, in the majority of cases, recycle of unused 
reactant does take place, and this leads to higher values for 
overall conversion than for single-pass conversion. 
Moles of limiting reactant reacted to produce desired product 


Yield, Y = 
; Moles of limiting reactant reacted 


(22.22) 


The yield is a measure of how effectively the limiting 
reactant is converted to the desired product. The yield is 
affected by the selectivity, defined as follows: 


Selectivity, S 
B Rate of production of desired product 
-Rate of production of undesired products (including by-products) 
(22.23) 


It should be noted that the yield has an upper bound of 1, 
but selectivity is unbounded. In optimizing chemical processes 
with an economic objective function, the economics of 
separating and recycling reactants plays an important role. 
Therefore, in real processes, the optimal configuration for a 
reactor is rarely (never) one that maximizes any of the four 
parameters discussed previously. However, high values of the 
parameters defined in Equations (22.21-22.23) are usually 
desirable. 


22.1.5 Energy Balances 


In a similar way to the derivation of Equation (22.19), the 
general formulation for the energy balance for a reacting flow 
system can be written as 


Q- W, + X Fohio = X Bhi = > (T) 
i i i 


(22.24) 


cU 


where Q is the rate of heat input into the CV, W, is the rate of 
shaft work done by the CV on the surroundings, h is the specific 
molar enthalpy of the stream, and U is the internal energy of the 
control volume. In most cases, the work term is negligible, but if 
a stirrer is required to mix reactants, then this work would be 
included in the energy balance. In Equation (22.24), work is 
defined as negative when done on the system. For steady-state 
operations, the right-hand side of Equation (22.24) (and 


Equations [22.18] and [22.19]) is zero. The enthalpy terms in 
Equation (22.24) are usually broken up into terms that contain 
the heat of reaction and the change in enthalpy of a stream due 
to reaction. To illustrate this concept, the reaction given in 
Equation (22.1) is used: 


aA+bB+rR+sS>A+4B+2B+2R+4S (22.1) 
One additional parameter is defined as 


moles of speciesientering the reactor 


i — moles of limiting reactant A entering the reactor 


(22.25) 


Using the stoichiometry and the definition of ©; given in 
Equation (22.25), the molar flows of each chemical species may 
be related to the conversion of A, X, as 


where v; is the stoichiometric coefficient for reactant i using a 
þasis of unity for reactant A. 


For the four species in the reaction, the following 


relationships hold: 
F, = Fa (1 — X) 
Fg = Fm (Og — 2X) 
Fr = Fo (Or + 2X) 


Fs = Fo (Os + 2X) 


By substituting these relationships into Equation (22.24) 
and simplifying, the following relationship for steady-state 
operations with all reactants entering the reactor at the same 
temperature may be derived [3]: 


Q E W, 
+ Fo 
X Oiépi [T — To] — FaoX [AHR (Tr) + Aép: (T — Tr)] 


= Q = W, 
+ Fao X Oiĉpi [T — To] — Fao X [AHR (T)] 


(22.27) 


where €,; is the molar specific heat capacity of species i, To is 
the inlet temperature, T is the outlet temperature, Tp is a 
reference temperature, and AHR is the heat of reaction 
evaluated at the reference temperature (Tp). In the first form of 
Equation (22.27), the heat of reaction is specified at some 
reference temperature (often 25°C). In the second form of 
Equation (22.27), the reference temperature (Tp) is taken as the 
outlet temperature (T) of the reactor, and a more compact 
version of the energy balance is obtained. 


22.1.6 Reactor Models 


In order to determine the size (usually volume of reactor or 
mass of catalyst) required for a certain amount of material to 
react to produce a specified amount of product, certain 
assumptions must be made about the way material flows 
through the reactor. When there is more than one phase present 
(heterogeneous systems), the flow patterns for each phase may 
be very complicated and simple models are often not accurate. 
Even for the case of a single phase (homogeneous systems), only 
idealized flow patterns give rise to analytical solutions. 
However, despite these limitations, it is still useful to review the 
idealized flow models for reactors, because they often represent 
limiting conditions for reactor behavior. 


22.1.6.1 Continuous Stirred Tank Reactors 


A continuous stirred tank reactor (CSTR) refers to a system in 
which the fluid (almost always liquid or a mixture of liquid and 
gas or solid) is mixed so well that there are no concentration 
differences (gradients) anywhere in the vessel. A CSTR is 
illustrated in Figure 22.4(a). Because the contents of the reactor 
are well mixed, it is also assumed that the temperature is 
constant everywhere and thus the system is isothermal. 
Therefore, the outlet is identical to the conditions in the reactor. 
By analogy, since the concentration and temperature 
everywhere in the reactor are the same, the rate of reaction is 
the same everywhere in the reactor. Using these assumptions, 
for a single-input and single-output reactor, operating at steady 
state, Equation (22.18) gives 


Fo 


Cao Contents are all at same 
T, P, and concentration 


Ca 


(a) 


Concentration and P (and maybeT) 
vary along the length of the reactor 


(b) 


Figure 22.4 Reactor Flow Patterns: (a) Continuous Stirred 
Tank Reactor and (b) Plug Flow Reactor 


V 
F= F 
Foa r;dV — F; = 0 > V = 
—fi lezi 
(22.28) 


where the reaction rate is evaluated at the conditions 
(concentration) in the reactor, which for a stirred tank are 
identical to the exit conditions. For reactant A in terms of 
conversion, Equation (22.28) can be written as 


F; — F; XF 
=fi lezit —TA Ber 
(22.29) 


Equation (22.29) is the design equation for a CSTR. 


22.1.6.2 Plug Flow Reactor (PFR) 


In a plug flow reactor (PFR), all the fluid is assumed to move in 
plug or piston flow. Therefore, the velocity profile is flat, and 
each element of fluid stays in the reactor for the same amount of 
time. This situation is close to that of a single fluid flowing in a 
pipe under fully-developed turbulent conditions, where the 
velocity profile is relatively flat across the cross-section of the 
pipe. A PFR is illustrated in Figure 22.4(b). The concentration 
of reactants (and products) changes along the length of the 
reactor, and for steady-state operation, Equation (22.18) gives 


Fio +f r,dV — F; =0 (22.30) 


The differential form of Equation (22.30) for reactant A is 


dF 


This leads to the design equation for plug flow reactors as 


Za = -r4 and dF4 = FagdX 
5 uis = —r 4 and 
X 
dX 
v= Fe f 
o TA 


(22.32) 


Equation (22.32) is the design equation for a PFR. 
Integration of this equation requires knowledge of both the 
temperature and concentration dependence of the rate 
expression. For isothermal systems with simple rate laws, 
analytical expressions are available. However, for 
nonisothermal reactors, integration of Equation (22.32) must 
be performed simultaneously with the appropriate energy 
balances and, in general, this requires the numerical solution of 
coupled ordinary (or partial) differential equations. 


Example 22.4 


Consider a simple liquid phase reaction in which reactant 
A is converted to product B. The reaction is second order 
in A and the kinetics are given by the equation 


—r4 (reaction rate) = mol/L/s = 0.05c?, [mol/L]? 


A stream of material A of concentration 10 mol/L is fed 
to an isothermal reactor at a rate of 8 L/s. Determine the 
volume of the reactor to obtain 95% conversion of A 
assuming 


1. ACSTR is used 
2. A PFR is used 


Solution 


1. For a CSTR, use Equation (22.29) and note that the concentration 
in the CSTR is the same as at the outlet conditions > 


ca = (1 — X) ego = (1 
— 0.95)(10) = 0.5 [mol/L] and F'49= (10)(8) = 80 mol/s 
XF 4p (0.95) (80) 


V= = ———_,, = 6080 L 
—TAlenit (0.05) (0.5) 


2. For a PFR, use Equation (22.32): 


=2 f" dX 
cao Jo (0.05) (1 — X}? 


0.95 
— _80 1 1 


~ (10)? (0.05) (1—X) 


— 80 1 1 = 
: = (4-4) = 304 L 


This result shows that the PFR requires significantly less 
volume (1/20) than the CSTR to achieve the same 
conversion. This result is true for all reactions of an 
elementary form. This result should not be surprising 
either, since in the CSTR, the reaction rate everywhere in 
the reactor is evaluated at the exit concentration of A. 
However, in the PFR, the concentration everywhere in 
the reactor is greater than at the exit condition, and 
hence the reaction rate is also greater than at the exit 
concentration. 


22.1.6.3 Batch Reactor 


As the name implies, a batch reactor operation consists of 
loading reactants into a reactor, allowing them to react for a 
period of time t, and then removing the unused reactants and 
products. The design equation for a batch reactor may be 
derived from Equation (22.18), under the assumption that the 
conditions in the reactor are the same everywhere at any given 
point in time. This implies that the reaction rate, r;, is a function 
of time but not a function of position. Therefore, for reactant A, 


V 
dN; dN, 
F; idV — F; = — =rTaV 
o + r,dV di > dt TA 
(22.33) 


When there is negligible volume change in the reacting 
mixture, V is constant, and Equation (22.33) may be rewritten 
in terms of concentrations: 


(22.34) 


Either Equation (22.33) or Equation (22.34) may be 
considered the design relationship for a batch reactor. The 
independent variable is the time spent in the reactor, while the 
volume dictates how much material is charged to the reactor in 
a given batch. It should be noted that the batch reactor is an 
unsteady-state operation, unlike the CSTR and PFR discussed 
previously. 


Example 22.5 


A mixture of 5 moles of reactant A are introduced into a 
batch reactor by dissolving them in 100 L of solvent. The 


reaction of A to product B occurs by a first-order reaction 
of the form 


—r 4 [mol/L/ min] = 0.036c, [mol/L] 


Determine the time required to react 90% of A to give B. 
You may assume that there is no change in density of the 
reaction mixture during the reaction process. 


Solution 
CAo = 5/100 = 0.05 mol/L 
Conversion = 0.9 


Using Equation (22.34), 


cao & = -TA > cao = 0.036c4 
= 0.036c49 (1 — X) 


= —1_ 4 _ 9036 


(=X) dt 
i 0.9 
0.9 
X 
f aa 0.036 | at => —In(1— X) 
o “(L=.X) 
0 0 
= 0.036¢ 
pa ln(1—0)—ln(1—0.9) — 63.96 min 


0.036 


The time for reaction is ~64 minutes. 


22.1.6.4 Other Reactor Models (Laminar Flow) 


The PFR and CSTR models represent two idealized flow 
patterns within reactors. In reality, reactors often have flow 
patterns that are somewhere between these two models. 
However, in some cases, especially in heterogeneous systems 
such as fluidized beds and slurry reactors, the flow patterns of 
the fluids are very complex and lie outside the bounds provided 
by these two ideal cases. Needless to say for these complex flow 
patterns, complex modeling techniques and experimental 
verification are required to obtain the size of the reactor. 

An example of a reactor model that is more complex than 
either a CSTR or a PFR, but for which analytical solutions exist, 
is the laminar flow reactor, which is illustrated in Figure 22.5. 


Concentration varies both along the length 
of the reactor and in the radial direction 


Fo F 
Cao rae Ca 


Fluid has parabolic 


velocity profile Fluid close to the wall spends 


a longer time in the reactor than 
fluid at the center 


Figure 22.5 Laminar Flow Reactor 


As the name suggests, the flow of liquid in the reactor 
(usually a long pipe) is in the laminar flow regime, meaning that 


the velocity profile is parabolic. If the flow regime was 
turbulent, then a PFR would probably be a good representation 
of the reactor, since the velocity profile for turbulent flow is 
quite flat. However, with a parabolic flow profile, elements of 
fluid at the center of the reactor move at twice the average 
velocity, and those elements close to the wall move much slower 
than the average. Thus, there is a wide distribution of times that 
fluid elements spend in the reactor, so the amount of conversion 
that each of these elements achieves differs widely. The 
formulation for the conversion of reactant A in such a reactor 
requires a knowledge of the residence time distribution (RTD) 
in the reactor, which is outside the scope of this text, but the 
interested reader is referred to Levenspiel [4] and Fogler [3] for 
fuller coverage of this and a variety of other topics in reactor 
design. The conversion within a laminar flow reactor is simply 
stated here without proof and is given by 


(aS te f (=) E(t)dt 
cao CAO / ¢ 
E/2 


(22.35) 


where E(t) is the RTD of fluid elements in the vessel or reactor, 
t is the average time spent in the reactor, and the first term in 
the integral is the expression for the ratio of the concentration 
in a batch reactor to the initial concentration after time t. For 
laminar flow, E(t) is given by 


-2 pe 


t 
E(t) = k > a and E(t) = 0 otherwise 


(22.36) 


The lower bound of ¢/2 for the integral in Equation (22.35) 
is needed because the centerline velocity for laminar flow is 
twice the average velocity, so the least amount of time a fluid 
element can stay in the reactor is Ẹ/2. For known kinetics and a 
given reactor size V, t = V / F,(c4/c4,) are known, and Equation 
(22.35) may be solved to find the conversion X. In effect, 
Equation (22.35) is the design equation for a laminar flow 
reactor, but to find the reactor volume V (equivalent to finding 
t) requires an iterative solution. 


Example 22.6 


Using the results from Example 22.4, Part (b), determine 
the conversion in the reactor if the flow pattern is 
laminar and not plug flow. 

Solution 


From Equation (22.34) for a batch reactor, 


From Equation (22.35), 


a-w- f (Z) zoa- 


E/2 
(06) 
| 1 P? : 
1+kCaot 223 
E/2 


After integration and simplification, this gives 


| (kex) 2 
(1-X)= 1- keat + 87 tn (14 z) 


For this problem, 


T = £ = 3% = 38 s,c49 = 10 mol/L, andk 
= 0.05 L/mol/s 
oie kcaot = 19 


Substituting in Equation (E22.6) gives 


z, (kext)? 2 = 
Gji- iy Se (1+ — zi 
(19)? 
SPELE 


X = 0.935 


ln(1+ 4) = 0.0651 


This conversion is a little less than that for a PFR with 
the same volume (X = 0.95). The main reason is that 
some of the fluid elements pass through the reactor in a 
time less than the average time, and these elements have 
a lower conversion than those elements that spend more 
time in the reactor. The net result is that when the 
conversion is averaged, a lower overall conversion 
compared to plug flow is obtained. 

Another important practical reactor configuration is the 
fluidized bed that is often used for highly exothermic 
reactions because of its favorable, near isothermal, 
operation. The flow patterns in this type of reactor are 
very complex and difficult to characterize. Fluidized bed 
reactors are covered separately in Section 22.2.3. 


22.1.6.5 Selectivity and Yield for Parallel and Series Reactions 


Consider the following general reaction scheme: 


k k 
aA + bB— pP — uU 


a ren 2 (22.37) 
B V 
Pe 


Equation (22.37) shows three reactions involving five species A, 
B, P, U, and V, with stoichiometric coefficients a, b, p, u, B, and 
v, respectively. It is assumed that P is the desired product and 
that U and V are unwanted by-products. The reaction scheme in 
Equation (22.37) can be used to illustrate the effects commonly 
observed in many industrial reaction systems. 


1. A single reaction produces a desired product. Here, ky = k} = 0, and only 
the first reaction proceeds. An example is the catalytic dealkylation of 
toluene to benzene, where the catalyst suppresses the side reactions: 


C7 Hg + Hy — Cs He + CH4 (22.38) 
toluene benzene 
2. Parallel (competing) reactions produce desired products and unwanted 
by-products. Here kə = 0, and no U is formed. Species B reacts to form 
either P or V. In the phthalic anhydride reaction sequence, the reaction of 
o-xylene to form either phthalic anhydride, maleic anhydride, or 
combustion products is an example of a parallel reaction (R-1, R-2, and R- 


3). 
R-1 Cg Hip + 302 —> Cg H10; + 3H2O 
o-xylene phthalic 
anhydride 
R-2 CH + 202 > 04H20; + 4H20 + 4CO, 
o-xylene maleic 
anhydride 


R-3 CH + #0; > 5H20 + 8COz 


o-xylene 
R-4 CsH10; + O02 > 2H2,O + 8CO2 
phthalic 
anhydride 
R-6 C,H )O3 + 30, — H20 + 4CO, 
maleic 
anhydride 


(22.39) 


3. Series (sequential) reactions produce desired products and unwanted by- 
products. Here ks = 0, and no Vis formed. Species A reacts to form 
desired product P, which further reacts to form unwanted by-product U. 
In the phthalic anhydride reaction sequence, shown previously, the 
reaction of o-xylene to phthalic anhydride to combustion products (R-1 
and R-4) is an example of a series reaction. 

4. Series and parallel reactions produce desired products and unwanted 
by-products. Here, all three reactions in Equation (22.37) occur to form 
desired product P and unwanted by-products U and V. The entire phthalic 
anhydride sequence (R-1 through R-5) is an example of series and parallel 
reactions. 


Example 22.7 


Consider the reaction scheme given in Equation (22.37) 
where P is the desired product, with both U and Vas 
undesired by-products. Here it is assumed that the 
reactions occur in the gas phase. Assume that Equation 
(22.37) represents elementary steps, that a = b = p = u = 


v = 1, that P = 2, and that the activation energies for the 
reactions are as follows: E, > Ey > Es. 
1. For the case where k, = 0, what conditions maximize the 
selectivity for P? 


2. For the case where k, = 0, what conditions maximize the 
selectivity for P? 
Solution 


1. For this case, from Equation (22.23), the selectivity, S, is written 
as 


gal? kicacp — kica 


= E22.7a 
ry k3ch, k3cp ( ) 


There are several ways to maximize the selectivity. Increasing 
ca/cp increases the selectivity. This means that excess A is needed 
and that B is the limiting reactant. Many reactions are operated 
with one reactant in excess. The reason is usually to improve 
selectivity, as shown here. Because, for gas-phase reactions, 
pressure affects all concentrations equally, it is seen for this case 
that pressure does not affect the selectivity. Temperature has its 
most significant effect on the rate constant. Because the activation 
energy for reaction 1 is larger than that for reaction 3, k, is more 
strongly affected by temperature changes than is kg. Therefore, 
increasing the temperature increases the selectivity. In summary, 
higher temperatures and excess A maximize the selectivity for P. 


2. For this case, the selectivity is written as 


g- TP kıcacg — kocp  kıc4cp i 
ry k2cp k2cp 


(E22.7b) 


Because the concentration and hence pressure appears to the 
second power in the numerator and to the first power in the 
denominator, increasing the pressure increases the selectivity. 
Because the activation energy for reaction 1 is larger than for 
reaction 2, increasing the temperature increases the selectivity. 
Increasing both reactant concentrations increases the selectivity, 
but increasing the concentration of Component P decreases the 
selectivity. The question is how the concentration of Component P 
can be kept to a minimum. The answer is to run the reactions at 
low conversion (small reactor volumes for a given feed rate). 
Quantitatively, the selectivity in Equation (E22.7b) is maximized 
by running at conditions where the concentration of P is very low. 
Thus, for a series reaction with the desired product intermediate 
in the series, a low conversion maximizes the intermediate 
product and minimizes the undesired product. This is illustrated 
by the concentration profiles obtained by assuming that these 
reactions take place in a PFR, as shown in Figure E22.7. It is seen 
that the ratio of P/U is at a maximum at low reactor volumes, 
which corresponds to low conversion. Therefore, increasing the 
temperature or the pressure or both increases the selectivity for 
Component P. Running at low conversion probably does more to 
increase the selectivity than can be accomplished by manipulating 
temperature and pressure alone. However, there is a trade-off 
between selectivity and overall profitability, because low 
conversion per pass means very large recycles, more difficult 
separations, and larger equipment. 


Dimensionless Concentration 
Ratio of P/U 


Reactor Volume 


Figure E22.7 Concentration Profiles for a Series 
Reaction (A > P — U) in a Plug Flow Reactor 


22.2 EQUIPMENT DESIGN FOR 
NONISOTHERMAL CONDITIONS 


In the previous section, design equations were introduced that 
allow the calculation of the volume needed for a few ideal 
reactor types. In practice, the assumption of isothermal 
behavior is often not valid and more rigorous sizing calculations 
need to be carried out. In this section, some of the basics of real 
reactor behavior are covered, and the approaches needed to 
perform preliminary sizing estimates are described. 


22.2.1 Nonisothermal Continuous Stirred Tank Reactor 


The design of a CSTR for an exothermic reaction may require 
the removal of heat from the reactor through an internal or 
external heat exchanger. For most practical situations, CSTRs 
are only used for liquid-phase reactions, and the discussion here 
focuses on these types of reactions. When the heat of reaction is 
small or when there is a difference between the feed 
temperature and the reaction temperature, adiabatic operation 
may be possible. This is true, in part, because the mass of the 
inventory in the reactor is usually quite high, and a significant 
amount of cooling can be absorbed in sensible heat by heating 
the contents from the inlet temperature to the reaction 
temperature. However, as reaction temperatures increase, so do 
the reaction rates, and this may lead to excessive temperatures 
when operating adiabatically, so such conditions require some 
form of additional heat transfer or cooling. 

Some configurations for heat removal in CSTRs are shown in 
Figure 22.6. The use of an external heating loop, Figure 22.6(a), 
allows easier maintenance of heat transfer equipment and gives 
more precise control of reactor temperature, as both the 
circulation rate and coolant rate may be used as control 
variables. However, the use of cooling coils within the CSTR 
(Figure 22.6[b]) is also a viable method. When the temperature 
of the reactor is high enough, partial vaporization of the reactor 
contents and their subsequent condensation and recycle 
provides another means of cooling (Figure 22.6[c]), which can 
be modeled in an identical way as for the case shown in Figure 
22.6(a). 


Coolant 


Effluent 


Reactor Feed, mp Ca in 
Ý Cooling 

Ks Coil 
T2 
Reactor 
Effluent 


Coolant 
Mø Cpic T 


-1A =f (TLC) 
(d) 


Figure 22.6 Configurations for Heat Removal from CSTRs: 
(a) Pump Around with External Heat Exchange, (b) Internal 
Cooling Coils, (c) Partial Vaporization and Subsequent 
Condensation of Reactor Contents in an External Heat 
Exchanger; (d) Notation for Configuration (b) Used in Model 
Development 


The equations describing the situations in Figure 22.6 are 
different depending on which configuration is modeled. Only 
the equations describing Figure 22.6(b) are given here. Note 
that the well-mixed assumptions mean that both the 
temperature and concentration in the reactor are the same as at 
the exit conditions. 


An energy balance on the reactor gives 


TeCpe (T2 — Ti) = Vra (c4, T) (4H, ) — mecpp (T — Tin) 
(22.40) 


where the subscripts c and p refer to coolant and process 
streams, respectively. In words, Equation (22.40) reads, Energy 
removed by coolant = Energy generated in reactor — Energy 
required to heat feed. Notation for this case is shown in Figure 
22.6(d). 

In Equation (22.40), the left-hand side is simply the heat 
removed by the coolant in changing temperature as it passes 
through the coils in the reactor. The right-hand side represents 
the energy produced by the reaction (—AH, is evaluated at the 
reactor outlet temperature, T) minus the energy needed to heat 
the contents from the feed temperature to the reactor 
temperature. Since, in general, the feed enters the reactor at a 
lower temperature than the reactor (outlet) temperature, the 
two terms on the right-hand side are of opposite sign. The 
condition for adiabatic operation is then also described by 
Equation (22.40) with the left-hand side set to zero. For the 
case of heat removal, the heat exchanger design equation must 
also be solved in conjunction with the energy balance. This 
requires the following to be true: 


T—T7,) — (FF: T> — T 
E ae pO fc TL 
Py 1 (T-T) 1 (T-T) 

n T) n T) 


(22.41) 


For a given reactor volume, heat exchanger area, process 
throughput, process stream inlet temperature, and coolant 
flowrate and inlet temperature, the only unknowns are the 
reactor temperature and coolant outlet temperature, and these 
can be solved using Equations (22.40) and (22.41). 

For the case when the coolant flow is very high or when the 
coolant undergoes a phase change (boils), then the coolant 
temperatures into and out of the reactor are essentially the 
same, that is, T, = T, = Te. Then, Equations (22.40) and (22.41) 
may be combined to give the following: 


UA(T — Tc) = V,a (ca, T) (—AH,) — Mpepp (T — Tin) 
aan auaa at 


Qc Qr 
(22.42) 


where Qc represents the term on the left-hand side of Equation 
(22.42) and is the heat removed by the cooling medium and QR 
is the net energy produced in the reactor. The value of Qrisa 
strong function of conversion, which is a strong function of the 
reactor temperature. Therefore, as the reactor temperature 
increases, Qg slowly increases and then rapidly rises as the 
conversion starts to “take off” and then slows down as the 
conversion approaches 100%. The T-Q diagram for the reactor, 
shown in Figure 22.7, shows the relationships for Qc and Qp as 
a function of temperature, and the point(s) of intersection of the 
two curves represents a mathematical solution(s) to Equation 
(22.42). 


Qr Qc 


Figure 22.7 Graphical Solution of Equation (22.42) 


From Figure 22.7, it is clear that for low coolant 
temperatures (Tc), there is only a single low-temperature 
solution (Point a) to Equation (22.42). As the coolant 
temperature is increased (to Tcə), there are three solutions 
(Points b, c, and d) to Equation (22.42). However, the 
intermediate-temperature solution (Point c) is unstable. 
Therefore, if the reactor were designed to operate at Point c, it 
would be impossible to control the temperature, because any 
positive deviation in temperature would drive the solution to 
Point d because the energy balance for the reactor lies above the 
energy balance for the coolant, and any negative deviation 
would drive the solution to Point b using a similar reasoning. 
However, both solutions b and d are stable and can be 
controlled. For still higher coolant temperatures (T¢3), a single 
high-temperature solution (Point e) is found. Therefore, it is 
important not to design the reactor to maintain an intermediate 
temperature. 


Example 22.8 


An exothermic, liquid-phase reaction is to take place ina 
stirred tank reactor. The feed to the reactor (F) is pure A 
at 500 mol/min with a concentration of 10 mol/L. The 
volume of the reactor is 100 L, and the feed temperature 
is 30°C. A reaction takes place in which A is converted to 
B (A ® B) by a first-order reaction: 


1650 
—r4 = ke4 = 3e TM c4 [mol /m* /s] 


The heat of reaction (-AH,.) is 75,240 J/mol, and it is 
approximately constant from 30°C to 200°C. Other data 
for the process and coolant are as follows: 


Data: 


Cpp = 4150 J/kg/°C,cpe = 4180 J/kg /°C,To2 
= 30°C,To1 = 20°C,U = 1000 W/m’/*C,p, 
= 1050 kg/m’, 


(500/60) 
and mp = £p = Toxo (1050) = 0.875 kg/s 


For this system, calculate the following: 


1. Ifthe reactor is to be run adiabatically (no coolant), at what 
temperature and conversion will the reactor run? 

2. If itis desired to obtain 80% conversion, at what temperature 
must the reaction run? 


3. For the case in Part (b), what must be the flow of coolant fed to 
the cooling coil in the reactor? 


4. What heat transfer area is required for Part (c)? 


Solution 


1. Using Equation (22.40) and setting the left-hand side of the 


equation to 0, the following expression must be solved for the 
unknown variable T: 


0 = Vr, (c4, T) (—AH,) — pcpp (T — Tin) 
(E22.8a) 


The integrated form for the design equation for a stirred tank 
reactor can be written in terms of the space time, 


CAO 


= E22.8b 
cA 1+kr ( ) 
where 
10)(100 
= caoV = (10)(100) = 120 sec 
F (500) /(60) 
(E22.8c) 
and 
keao 
= ke, = E22.8d 
< es 1+kr ( ) 


Substituting Equations (E22.8c) and (E22.8d) into the right-hand 
side of Equation (E22.8a) along with the other parameters gives 


0= oe) aor marae a (75,240) — (0.875)(4150)(T — 30) 
1 + 3e TmT (120) 
(E22.8e) 
Simplifying gives 
10 
22.572 x 10 — L T 3631.3(T — 30)=0 


1650 


1 + 360e” T215 
(E22.8f) 


where T is in °C. Solving Equation (E22.8f) gives 


(10x1000) 
1650 
1+360e T+273.15 


= CAS co: 911.4 _ 


T = 186.9°C and c4 = = 911.4 mol/m’ giving 


2. For 80% conversion, 


ca = 2000 = 


CA0 jai il eoa 


=> = —_— 1 = VU. 3 
1+ kr 120 | 2000 | 7:0394 


16500 


= 3e Teas => T=93.5°C 


3. At T = 93.5°C, the right-hand side of Equation (22.40) is 2.711 x 
10° W. An energy balance on the cooling medium gives 


Qo = Mecpe (T2 — Ti) = 2.711 x 10° > m, 
(2.711 x 10°) 


= (4180)(30 — 20) = 6.486 kg/s 
4. For the design of the heat transfer surface, 
UAATm = Qc 
ATim = EE L 68.38 °C and A = Se 
P T93.5—30) 
(2711x105) — 3.96 m? 


~~ (1000)(68.38) 


The performance aspects of the reactor in Example 22.8 
are considered in Section 22.3.2. 


22.2.2 Nonisothermal Plug Flow Reactor 


22.2.2.1 Hierarchy for Exothermic Reactions 


The design of a reactor for a set of exothermic reactions must 
include consideration of the extent of reaction and the amount 
of heat generated. For reactions with low to moderate heats of 
reaction, the reactor may be designed without the need to add 
heat transfer surfaces within the reactor. Such configurations 
are inherently simpler, less expensive, and easier to operate. As 
the heat generated by the reactions increases, some form of 
internal heat transfer must be included in the reactor design. 
Since most industrially relevant reactions include the need for a 
catalyst and often these reactions are performed in the gas 
phase, the emphasis given here is on heterogeneous gas-phase 
reactions. A diagram illustrating the hierarchy of reactor design 
for increasingly exothermic reactions is shown in Figure 22.8. It 
should be noted that the direction of gas flow is always 
downward through a packed bed to avoid the possibility of 
unwanted fluidization. For fluidized beds, the direction of gas 
flow is always upward. 
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Figure 22.8 Reactor Configurations for Increasingly 
Exothermic Reactions (Shown by the Direction of the Dotted 
Line): (a) Single Packed Bed, (b) Multiple Packed Beds with 
Intermediate Cooling or the Additions of Cold Shots, (c) Shell- 
and-Tube Arrangements, and (d) Fluidized Beds 


In Figure 22.8(a), the reactions of interest are only slightly 
exothermic, and a simple packed bed of catalyst is used. The gas 
temperature increases across the bed of catalyst, and this 
increase should be relatively small (<50°C), which limits the 
amount of conversion within a single reactor. For higher 
conversions or more exothermic reactions, a series of packed 
beds with either intermediate cooling or the addition of 
supplemental cool feed material (cold shots) can be used, as 
shown in Figure 22.8(b). In practice, not more than three or 
four packed beds in series are normally used. In Figure 22.8(b), 
internal and external intermediate cooling coils are shown. 
These coils or heat exchangers serve the same function of 
cooling the gas prior to its being fed to the next catalyst bed. 
This differs from the type of heat exchange that is required in 
Figure 22.8(c)(d), where heat must be removed at the same 
location at which reactions are taking place. Therefore, for more 
exothermic reactions, the use of some form of integrated heat 
exchanger is employed, as shown in Figure 22.8(c). Acommon 
configuration for highly exothermic catalyzed reactions is to 
load the catalyst into tubes through which the process gas flows. 
The heat generated by the reactions is then transferred out of 
the catalyst, through the reacting process gas and the walls of 
the tube, and into a cooling medium on the shell side of the 
reactor. The cooling medium may be a liquid such as 
Dowtherm™, a molten salt, or boiler feed water that is turned 
into steam. The temperature profiles along the length of the 
tube (and possibly across the tube diameter) are not linear and 
are discussed in more detail in the following section. 

For extremely exothermic reactions, such as the partial 
combustion of certain hydrocarbons (e.g., the production of 
acrylic acid, maleic anhydride, and phthalic anhydride), the 
control of the temperature within the tubes of a shell-and-tube 
type reactor becomes difficult or leads to excessively large 
reactor volumes due to the need for significant dilution of the 
catalyst. For such cases, the use of a fluidized bed with internal 
heat removal may be required. Fluidized beds are usually more 
complicated than other forms of reactors, they need a solids 
handling and recycle system, and they often require the 
continuous make up of catalyst. They are generally more 
expensive than other reactor types, but they are capable of near 
isothermal operation and provide very stable operating 
conditions for highly exothermic reactions. The behavior and 
fluid flow patterns within a fluidized bed depend on the ratio of 
the superficial velocity to the minimum fluidizing velocity 
(us/Umg) and the density and size of the particles being fluidized. 
The modes of operation of these reactors depend on the value of 
the preceding parameters and, for increasing gas flowrate, vary 
between bubbling bed, turbulent bed, fast fluidization, and 
transport reactor. An example of a bubbling fluidized bed with 
heat removal is shown in Figure 22.8(d). It should be noted that 
the solids act like a well-stirred tank and remain at a constant 
temperature. The inlet gas stream is usually cooler than the 


reactor temperature but undergoes a very rapid temperature 
change when entering the bed and essentially passes through 
the bed at isothermal conditions. However, it should be noted 
that the flow pattern for the gas is generally not plug flow, and 
for the case shown in Figure 22.8(d), gas bubbles are formed 
that do not contact the catalyst efficiently. Therefore, the flow 
pattern of gas is quite complex and not well described by a 
simple flow model. Thus, models for fluidized beds are complex 
and often require experimental verification to determine all the 
parameters needed in the model. Usually the choice of a 
fluidized bed is a necessity because of extremely high heats of 
reaction that require very good temperature control and may 
often require the use of very small catalyst particles or catalyst 
that must be regenerated often. For such cases, the pressure 
drop in a packed bed and the heat transfer surface area 
requirements would be prohibitively high. Fluidized beds are 
covered in more detail in Section 22.2.3. 


22.2.2.2 Hierarchy for Endothermic Reactions 


The same configurations shown in Figure 22.8 can be used for 
endothermic reactions. If the reaction(s) is very endothermic, 
for example, the catalytic reformation of naphtha or the 
dehydrogenation of ethylbenzene to form styrene, then as the 
reaction proceeds, the temperature drops, the rate decreases, 
and the reaction may quench out. In such cases, some form of 
heat transfer (heat transferred to the reactant stream from a hot 
source) may be required. The normal configurations for 
endothermic reactions are shown in Figure 22.8(a)(b). If heat 
addition is required to prevent the quenching of the reactions or 
to reduce the size of the reactor then the normal approach is to 
use a series of staged packed beds with intermediate heating. 
“Hot shots” to the feed of sequential packed beds may also be 
used but is less common. The degree of endothermicity of 
commercial reactions is generally less than the exothermicity 
for partial oxidation reactions, and as a result, the 
configurations shown in Figure 22.8(c)(d) are not usually 
employed for endothermic reactions. 


22.2.2.3 Understanding Reactor Concentration and Temperature 
Profiles 

In Figure 22.8(a)(b), the exothermicity of the reactions taking 
place is generally low enough that a given catalyst particle may 
be assumed to be isothermal. This means that there are no 
radial temperature gradients within a catalyst particle and that 
temperature gradients across the diameter of the reactor are 
small. Thus, it is justified to model such reactors using a simple 
one-dimensional model in which temperature and 
concentration vary only in the z-direction, that is, along the 
length of the reactor. These are the models that process 
simulators typically employ in their standard libraries. For more 
sophisticated (higher-dimensional models), custom written 
operations are usually needed. For more exothermic reactions, 


such as shown in Figure 22.8(c), these assumptions must be 
carefully reevaluated and checked. When reactions are 
extremely exothermic, radial temperature variations within the 
catalyst pellet and within the tube carrying the catalyst are 
possible. A typical situation for a single catalyst tube in a shell- 
and-tube type reactor is shown in Figure 22.9. 
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Figure 22.9 How Temperature Variations May Occur within 
Catalyst-Filled Tube and Catalyst Pellet for Highly Exothermic 
Reactions 


From the illustration in Figure 22.9, it should be clear that 
temperature and composition may vary with both the location 
within the catalyst pellet and with the location of the pellet in 
the tube. Clearly, a simple one-dimensional model is incapable 
of determining these radial variations and modeling these types 
of reactors accurately; therefore, some form of coupled set of 
partial differential equations (for both material and energy 
balances) will be required. 

The potential complexities of temperature and concentration 
profiles in the tubes of a shell-and-tube reactor were identified 
in the previous discussion. In many cases, it is possible to 
minimize these radial variations and reduce the analysis to one 
in which temperature and concentration variations need to be 
considered for only the z-direction. The discussion of these 
reactors starts with a qualitative consideration of the profiles 
that are shown in Figure 22.10. 
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Figure 22.10 Temperature and Concentration Profiles in a 
Shell-and-Tube Reactor for Increasing Heat of Reaction 


In Figure 22.10, the direction of the cooling medium is 
shown to be countercurrent to the flow of process gas in the 
tubes. This does not have to be the case, and cocurrent 
arrangements may be advantageous in some circumstances, 
especially when a hot spot needs to be reduced at the entrance 
to a reactor by using a large temperature driving force. Also 
shown (as a dotted line) is an alternative curve for the cooling 
medium that actually crosses over the temperature curve for the 


reacting process fluid. Such behavior is obviously impossible in 
simple recuperating heat exchangers, discussed in Chapter 20. 
However, unlike the simple heat exchangers covered previously, 
heat is generated within the process fluid because of the 
chemical reactions that take place. Therefore, it is possible for 
the cooling medium to be heated above the temperature of the 
process fluid at a certain location in the reactor. This situation 
does not have to occur and is usually undesirable for controlling 
the reactor, but it does not violate any physical laws if it does 
take place. 

Returning to the temperature profiles in Figure 22.10(b), as 
fluid enters the reactor, it is exposed to catalyst in the tubes and 
starts to react. Simultaneously, heat is transferred from the 
process gas, through the tube wall into the cooling medium. 
Therefore, there are two opposing terms in the energy balance: 
generation through chemical reaction and heat exchange to the 
coolant. At the entrance of the reactor, the concentration of 
reactants is high and the heat generated by the chemical 
reaction is higher than the transfer of heat to the coolant. As a 
result, the process gas heats up. Because the rate constant is a 
strong function of temperature, the increase in reaction rate due 
to the increase in temperature is relatively large and causes the 
process gas temperature to increase as it flows down through 
the tubes. Considering Curve B in Figures 22.10(b)(c), initially 
the reaction rate and temperature increase quickly. Therefore, 
the concentration of reactant A decreases quickly, and this 
decrease opposes the increase in reaction rate due to the 
increasing temperature. Simultaneously, the temperature 
driving force for heat transfer between the process gas and the 
cooling medium increases. Therefore, as the gas moves down 
the tube, at some point the rate of heat generation by the 
reaction is exactly equal to the rate of heat removal through the 
tube wall. At this point, a maximum temperature is seen in the 
tube (often called the hot spot). As the process gas moves 
further down the tube, the rate of heat transfer to the cooling 
medium is greater than the rate of heat generation due to 
chemical reaction, and the gas decreases in temperature. Since 
reaction is still taking place, the concentration continues to 
decrease until the gas leaves the reactor. Curves C, D, and E 
represent cases in which the heat of reaction is smaller than for 
Curve B. For these cases, the same description of the processes 
telling how the gas temperature and concentration profiles 
change along the length of the reactor applies, except that the 
magnitude of the hot spot temperature decreases and its 
location shifts further down the reactor. 

Consider now the case given in Curve A, for which the heat 
of reaction is greater than for Curve B. The same initial 
processes as described for Curve B still take place, but now the 
rate of heat generation due to the chemical reactions is too great 
for the cooling medium to counterbalance the temperature 
increase. Therefore, the temperature continues to increase 


rapidly, and a condition is reached at which the reactions “run 
away,” that is, the temperature increases unbounded. This is a 
condition that must be avoided at all costs, because material 
failure within the reactor may very well occur, and some form of 
catastrophic event (explosion or vessel rupture) may happen. In 
addition, the catalyst will undergo sintering, the active material 
comprising the catalyst may evaporate or will certainly 
agglomerate, and virtually all catalytic activity will be destroyed. 
The sequence of curves shown in Figures 22.10(b)(c) is 
labeled to show the effect of increasing heat of reaction (from E 
to A), but the same set of curves could be obtained in other 
ways. For example, a change in cooling medium flow, a change 
in inlet temperature for the cooling medium, or a change in 
process gas inlet temperature could all cause similar effects. In 
the next section, the equations describing these types of reactors 
and the importance of the heat transfer process are discussed. 


22.2.2.4 The Role of Heat Transfer in Reactor Design 


From the preceding section, it should be clear that, for shell- 
and-tube reactors, the role of heat transfer is critically 
important. It was also pointed out that, in general, radial 
temperature profiles within the catalyst pellets and also in the 
tubes holding the catalyst pellets will exist. However, Levenspiel 
[1] points out that for commercial heterogeneous (gas-solid) 
catalyzed reactions, temperature variations within the catalyst 
pellet are usually not significant. Froment, Bischoff, and De 
Wilde [5] note that radial temperature variations within the 
catalyst tubes may be present for some commercial reactions. In 
such cases, a two-dimensional model of the reactor is required 
to capture correctly the heat transfer and reaction processes, 
but this level of analysis is not covered here, and interested 
readers are referred to Froment et al. [5] for a detailed 
discussion on the different approaches to modeling packed bed 
reactors with and without heat exchange. 

In the discussion given here, a one-dimensional approach to 
solving the equations for packed beds with heat exchange is 
covered. In the one-dimensional approach, it is assumed that 
temperature and concentration are only functions of the axial 
position in the reactor and that radial variations within the 
tubes and between tubes at the same axial position do not exist. 
With these assumptions, it is only necessary to consider the 
processes occurring in a single packed tube of catalyst, shown in 
Figure 22.11. 


Channel for cooling medium Flow of process gas 


Heat generated by 
chemical reaction 


Flow of coolant 
Heat transfer through tube wall 


Figure 22.11 Processes Taking Place in a Shell-and-Tube 
Reactor 


Figure 22.11 shows a slice of the reactor tube and 
accompanying cooling medium. Heat is generated in the 
catalyst filled tube due to reaction, and some of this heat is 
removed by the cooling medium (shown flowing 
countercurrently to the process gas flow) by heat transfer 
through the wall of the tube. The amount of heat transferred 
through the tube wall is a function of the temperature difference 
between the process gas and the coolant at the same axial 
location in the reactor. This transfer of heat will, in general, not 
equal the amount of heat generated in the tube; therefore, the 
gas leaving the slice of the bed will not be equal to the 
temperature entering. The following assumptions are made to 
simplify the analysis: 

1. The overall heat transfer coefficient between the tube wall and cooling 
medium, U, is constant over the length of the reactor. 

2. The heat capacities for process gas and coolant do not change appreciably 
over the length of the tubes. 

3. The heat of reaction does not change appreciably over the length of the 
tubes. 


The equations describing these processes for a reaction 
involving species A are 


aD? 
TnpCp p Ip z F — z (1 = £) (—r" 4 ) (-4H,) = TnpCp,p lp zZ 


+ Az + TDube AZU (Tp — Te) 
(22.43) 


The terms in Equation (22.43) are explained by the 
following word equation: 
Energy flowing in with the process gas + Energy generated 
by chemical reaction = Energy flowing out with process gas + 
Energy transferred to cooling medium through the tube wall 
Simplifying terms, dividing by Az, and taking the limit, the 
following differential equation is obtained: 
E=- (l-e) (4) (AM) + SG T) 
(22.44) 


—GpCp 


where the subscripts p and c refer to the process gas and 
coolant, respectively, the term G is the superficial mass velocity, 
that is, G, = 47n, / nD? pe» and the rate (—r" 4 ) is given per 
unit volume of catalyst. The process mass flowrate in the above 
relationship for G, is the mass flow per tube and not the total 
mass flow rate of the process gas. In order to integrate Equation 
(22.44), an expression for the rate of reaction of Component A 
must be known and, in addition, a mole balance on A is 
required to keep track of the composition and/or partial 
pressure of A as the gas moves down the tube. 


A mole balance on A is as follows: 


z dF4 Ag TD? be (1 = e) 
dz 2 4 
(22.45) 


To obtain the concentration of A or the partial pressure, an 
overall mole balance based on the stoichiometry of the reaction 
is required and the ideal gas law (or another appropriate 
equation of state). Therefore, 


F= Fa) )~ Q za zx) (22.46) 


all i 


where X = 1 — F4/F4o and 


Cooling Medium 
An energy balance on the cooling medium gives 


MeCpele| gay = MeCp eTel, + TDiseAzU (Tp — Te) 
(22.48) 


Simplifying terms, dividing by Az, and taking the limit, the 
following differential equation is obtained: 


dTe 4U 
Goepe = E -T. 
Cp, dz Daa Pp ) 


(22.49) 


For cocurrent flow of the cooling medium and process gas, a 
negative sign would be added to the term on the left-hand side 
of Equation (22.49). 

Pressure of Process Gas 


From Chapter 19, the pressure drop for the process gas flowing 
through the packed bed of catalyst in the tubes is given by the 
differential form of the Ergun equation: 


dP 150G, (1—e)? 1.75G2 (1—e) 
ae a a D 3 
Z Pg Dp E Pgp € 
(22.50) 


The set of equations ([22.44—22.47], [22.49], and [22.50]) 
must be solved simultaneously to obtain the concentration and 
temperature profiles in a shell-and-tube reactor. For the case 
illustrated in Figure 22.11, the set of equations is a split 
boundary problem, because the conditions of the entering 
process gas are known at z = 0, but the inlet conditions for the 
cooling medium are known at the end of the reactor at z = L. 
For cocurrent flow of the cooling medium and the process gas, 
the conditions of both streams are known at the beginning of 
the reactor, which makes the solution more straightforward. 


Overall Heat Transfer Coefficient 


The overall heat transfer coefficient U used in Equations (22.44) 
and (22.49) can be calculated in the same way described in 
Chapter 20. However, for the heat transfer from a gas flowing 
inside a catalyst packed bed, no correlation was given in 
Chapter 20. In all cases, the limiting heat transfer coefficient 
will be on the tube side of the reactor, since the shell-side heat 
transfer coefficients are expected to be one to two orders of 
magnitude greater than the tube-side coefficient for a liquid 
cooling medium, the resistance of the metal tube wall will be 
small, and fouling should also be small. A large body of work is 
available in the literature on effective tube-wall heat transfer 
coefficients for gas flowing in packed beds. The majority of this 
work has been for air at ambient conditions. According to Li 
and Finlayson [6], the following heat transfer correlations may 
be used for particle-air systems: 

Spherical Catalyst Particles (diameter = Dp) in Tubes 
(diameter = Diype): 


hwe Tf D tube 
kg 


6D 
= 2.03Re°* exp |- D P | for (20 < Re < 7600) and (3.33 < Puw < 20 


tube 


(22.51) 


Cylindrical Catalyst Particles (diameter = Dp) in Tubes 
(diameter = Dube): 


P 


D tube 


P 


) 


hw eff Dtube 
kg 

0.95 6D, 

= 1.26Re™” exp |— for (20 < Re < 800) and | 5.0 < —— < 33.3 
tube D 
(22.52) 

. . G,D, 

where Re is the particle Reynolds number, Re = T 


The preceding correlations are insensitive to the material 
properties of the solid particles, and in practice, this has been 
shown to be an oversimplification. A more comprehensive and 
complicated approach is given by Dixon and Cresswell [7]. They 
define an effective radial thermal conductivity in the bed that is 
a function of both the properties of the solid and the gas and the 


gas flowrate, and then they define a wall Biot number that 
correlates with the particle Reynolds number. In addition, an 
overview of heat and mass transfer processes in packed beds is 
given by Wakao and Kaguei [8]. The interested reader is 
referred to these works for more details on this subject. For the 
sake of simplicity, Equations (22.51) and (22.52) are used in this 
text to calculate the overall heat transfer coefficient for shell- 
and catalyst-packed-tube reactors. 

Example 22.9 illustrates the use of the equations developed 
in this section to solve a shell-and-tube reactor problem. 


Example 22.9 


The synthesis of phthalic anhydride from o-xylene is 
considered. The following parameters and pseudo-first- 
order reaction rate may be used for an approximate 
preliminary design of a shell-and-tube reactor. 


Cs Hio + 302 —> Cg H10; + 3H2O 


The autoignition temperature of o-xylene = 465°C and 
lower explosion limit (LEL) = 0.9% at room temperature. 
Data (taken from Froment et al. [5]): 

Tube length, L > 1m; Drube = 0.0254 m; catalyst is V205 
on promoted silica gel; diameter of catalyst particle, Dp = 
3 mm; catalyst bulk density, Ppulk = 1300 kg/mĉ?; bed 
voidage, € is 0.45; the acceptable operating range for the 
catalyst is 335°C to 415°C; and reactor pressure ~ 1 atm. 
A typical gas mass velocity in the tubes, G,, is 4680 
kg/m*/h (1.3 kg/m?/s), and the average specific heat of 
the gas, Cpg, is 1107 J/kg/K. The properties of the gas at 
350°C are u = 30.78 x 10 ° kg/m/s and ky = 0.0469 
W/m/K. Assume physical properties are constant over 
the temperatures used in the simulation. To find the 
overall heat transfer coefficient, Equation (22.51) is used. 


= G,D, (1.3)(0.003) 127 


Re —— 
H (30.78 x 10~°) 


and 


Diube _ 0.0254 
se = 8.467 
D, 0.003 


which are in the correct range to use Equation (22.51), 


hue Diute 3 
eS (2.03)(127)°* exp [—~%_] = 48.17 


0.0469 
huess = (48.17) EAE = 88.9 W/m” /K 


andU = hy,¢f = 88.9 W/m? /K 


The reaction rate can be approximated by a pseudo-first- 
order equation: 


—r" 4 (reaction rate) = mol/h/m* catalyst 


= PoulkkpBoPa 


where Component A is o-xylene, k = 4.122 x 10°e 
~13,636/TIK] mol/h/bar*/kg (catalyst), and Component B is 
oxygen with an initial partial pressure, pg o = 0.21 bar. 
The average heat of reaction for this temperature range 
—AH, is 1150 kJ/mol. 

For illustration purposes, it is assumed that cooling takes 
place by heat exchange with a cooling medium flowing 
through the shell side at 335°C that vaporizes at constant 
pressure and temperature. With this assumption, the 
shell-side temperature, Ty ogi, is fixed at 335°C. 
Determine the temperature profiles in the tube for partial 
pressures of o-xylene in the feed ranging from 0.01 to 
0.02. Assume that the effect of changing pressure is 
small; that is, assume constant pressure conditions and a 
process gas inlet temperature of 335°C. 


Solution 


The energy balance Equation (22.44) can be written 


dT, (1—e)(—r'"4 )(-AG,) 
SUDCA a4 (T, — Tool) 


dz GpCp,p ‘» Cp,p Dube 

dT, (0.55) (1300) (4.122 x 10% e~13:636/Tp ) (9.21) p,4 (1.150 10°) 

de OT) 
4(88.9) 


— Taaiono.o Tr — 608.2) 


T — 49.46 x 10!¢13636/Trp 4 — 9.73 (Tp — 608.2) 


d 
(E22.9a) 
The material balance is given by Equation (22.45): 


dz m 4 
=(4122 x 1070; 


dFa __ m Tdite(1—e) 
rT A ÅÁ— 


2 
) (1300) aipa = Oot) 
E = —31.36 x 10%e—18,636/% p 4 
(E22.9b) 


In order to relate F4 and p4, the stoichiometry of the 
reaction needs to be considered. Assume that the inlet 
gas to the reactor contains y mole of o-xylene per 100 
moles of air. Using Equation (22.46), a mole balance for 
any conversion is 


F=F,,>(0,+— arf X+ 2 xa xetx | 
v y y 


1 


alli a 


The result in Equation (E22.9c) is obvious from the 
stoichiometry, as there is no net change in the number of 


moles during the reaction. The relationship between p4 
and F; in Equation (22.47) is also used to close the two 
equations. Finally, Equation (22.49) is not required 
because Too; does not change with z. By integrating these 
equations, the plots shown in Figure E22.9 are obtained. 
It can be seen that for partial pressures above 
approximately 0.0165 bar, the temperature bump or 
spike starts to increase significantly, and with a partial 
pressure of 0.0175, the reaction becomes uncontrollable 
resulting in a runaway. The conversions of o-xylene are 
also shown on this figure, and as expected, the 
conversions increase rapidly when runaway occurs. 
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Figure E22.9 Temperature and Conversion Profiles in 
the Shell-and-Tube Reactor from Example 22.9 


When the cooling medium does not change phase, the 
temperature profile will change because T,99; changes 
down the length of the reactor. Examples for such cases 
are given in the problems at the end of this chapter. 

A note about process safety: The lower explosion 
limit (LEL) for o-xylene in ambient air is about 0.90 
mol%, and this drops to about 0.66 mol% at the 
temperature of the reactor inlet used in this example 
(335°C). The inlet concentrations shown in Figure Figure 
E22.9 are all above the LEL (and well below the upper 
explosion limit), so these are dangerous conditions at 
which to operate the reactor. Special design 
considerations must be employed if operation in the 
flammable region is unavoidable. These include 
containment, explosion venting, and explosion 
suppression. The idea behind containment is that the 


reactor is built to withstand the explosion pressure if it 
were to occur. Explosion venting allows the rapid release 
of vapor if an explosion were to occur, while explosion 
suppression would include the removal of all sources of 
ignition, suppression of flames, and flame propagation. 
All of these techniques require significant additional 
capital investment and should be carefully analyzed and 
other alternatives considered prior to the final design. 
For more information on these topics, the interested 
reader is referred to Mannan [9]. 


It should also be noted that as the temperature increases, 
the total combustion of the organic compounds will start 
to take place, giving water and carbon dioxide as 
products. The heat of combustion for o-xylene is 4375 
kJ/mol, which is 3.8 times the heat of reaction to 
produce phthalic anhydride. Therefore, when the 
reaction starts to run away, the heat generated will be 
extremely large and the temperature profiles would be 
even steeper than those shown in Figure E22.9. 


Example 22.9 considered the system to be at a constant 
pressure of approximately 1 atm. The pressure drop can 
be calculated using the Ergun equation. To account for 
the changes in gas properties along the length of the 
reactor, the differential form of the Ergun Equation, 
Equation (22.50), can be solved simultaneously with 
Equations (E22.9a) and (E22.9b). However, if the 
pressure does not change very much, then the integral 
form of the Ergun equation can be used. This is shown in 
Example 22.10. 


Example 22.10 


For the reactor given in Example 22.9, determine the 
pressure drop across the reactor. Assume that the gas has 
the properties of air at the inlet conditions. 


Solution 


For air, the density at 1 atm and 335°C is 0.5778 kg/m? 
and the viscosity is 30.85 x 10 * kg/m/s. Integrating 
Equation (22.50) and assuming the fluid properties 
remain unchanged gives 


AP _ 150uG, (1—e) 1.75G; (1—e) 


2 PD; E? PọDp & 
_ AP __ 150(30.85x10~°)(1.3) (1—0.45)" 1.75(1.3)° 
L ~~ (0.5778)(0.003)? (0.45)? (0.5778) (0.003) 
(1—0.45) 
(0.45)? 
—AP = 3840 + 10,298 = 14,138 Pa/m => AP 
=14.14 kPa 


(B22.10a) 


This pressure drop is significant when compared to the 
absolute pressure of the system (~101.3 kPa). An air 
blower would be required to push the air through the 
reactor, and the other process equipment and the reactor 
would operate at a pressure slightly above ambient. 

The temperature profiles shown in Example 22.9 are very 
sensitive to the overall heat transfer coefficient, and this 
and alternative operating conditions are considered in 
the problems at the end of this chapter. 

In reviewing the temperature profiles in Example 22.9, it 
is tempting to consider that perhaps an adiabatic bed 
operating at low inlet o-xylene concentrations might be a 
possible alternative configuration. For example, 
calculations show that when p; = 0.01 bar, the 
temperature across the reactor only changes by about 
12°C or 13°C, so would it be possible to operate without 
cooling? This case is considered in Example 22.11. 


Example 22.11 


Repeat Example 22.9 for the case when catalyst is placed 
in a packed bed without internal cooling, as shown in 
Figure 22.8(a). Determine the temperature and 
conversion profiles within such a packed bed for inlet 
partial pressures of o-xylene from 0.008 to 0.002 bar. 
Assume that the maximum allowable temperature to 
avoid catalyst sintering is 410°C. 


Solution 


The same equations given in Example 22.9 are used, 
except the value of the overall heat transfer coefficient, 

U, is set to O. 

The calculated results are shown in Figure E22.11. 
Clearly, the cooling of the process gas is significant in 
Example 22.9, and only very dilute feeds can give high 
conversions and still not exceed the maximum catalyst 
temperature of 410°C. From Figure E22.11, it is clear that 
a partial pressure of o-xylene around 0.002 bar and a 
bed length of around 3 m will satisfy these criteria. 
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Figure E22.11 Temperature and Conversion Profiles 
for Adiabatic Packed Bed Reactor for Example 22.11 


The solution using p4 = 0.002 bar may be technically 
feasible from a reaction standpoint, but the feed is 
approximately one-eighth the concentration of that 
required in a shell-and-tube reactor (0.002 bar vs. 
0.0165 bar), which means that the front end of the 
process will have to handle eight times the flowrate of gas 
and that the equipment will be much larger. Moreover, 
when the phthalic anhydride is separated from the 
reactor effluent stream, the separation will be more 
difficult (lower partial pressure driving force) and more 
expensive (larger equipment and more utilities). 
Therefore, it is easy to see why a shell-and-tube reactor is 
favored in practice for this process. 


22.2.2.5 Matching Volume and Heat Transfer Area 


Often when designing a shell-and-tube reactor using a 
simulator, it is necessary to specify the heat exchanger 
configuration (cocurrent, countercurrent, number of tubes, and 
tube diameter) prior to simulation. However, in practice, it is 
the desired conversion of limiting reactant that is usually known 
(or a range of conversions that might be investigated is known), 
and the amount of catalyst and the heat exchanger surface area 
must be determined. Because the catalyst is contained within 
the tubes, the ratio of the heat transfer area to the volume of 


catalyst is always equal to Dupe L/ (zD? eL/ 4) = 4/ Dtube. 


This constrains the problem and may lead to many infeasible 
solutions. For example, for pressure drop considerations, it 
might be necessary to use a large catalyst particle and hence 
fairly large tubes. Note that it is common practice for the ratio 
of Diube/Dp to be 210. With a given cooling medium, it may be 
impossible to find a configuration that will prevent a runaway 
condition in the reactor. One solution is to dilute the feed 
stream to the reactor by adding an inert gas (e.g., steam or 
nitrogen) that would reduce the partial pressure of the reacting 
gases and slow the reaction rate. This solution has the 
disadvantage of requiring that extra material flow through the 
process, which will increase equipment size, increase 
heating/cooling utilities, and require more difficult product 
separation, because of the lower concentration of products in 
the reactor exit (effluent) stream. An alternative method is to 
“turn-down” the reaction rate by diluting the catalyst. For 
example, the catalyst could be mixed with similar sized particles 
of carrier material; that is, the same catalyst particles without 
the active catalytic material. Alternatively, it may be possible to 
dope the particles with less catalytic material. In both cases, the 
reaction rate per unit volume (or per unit weight) of catalyst 
would be decreased, and a solution avoiding temperature 
runaway may be found. In a similar manner, it is sometimes 
effective to dilute the catalyst at the beginning of the reactor 
(where the concentration is the highest) to avoid a runaway 
condition. Thus, the first few feet of a packed tube might be 
packed with a mixture of active catalyst and inert material, 
while the remainder of the tube would be packed with just 
active catalyst. Example 22.12 illustrates the concept of catalyst 
dilution. 


Example 22.12 


Consider the reactor in Example 22.9 using an inlet o- 
xylene partial pressure of 0.0175 bar. Without dilution, 
this feed concentration leads to a runaway condition in 
the reactor. Explore the possibility of diluting the 
catalyst. 


Solution 


The reaction rate used in Example 22.9 was 
—r'; (reaction rate) = mol/h/ m? catalyst where 


= PoulkkPBPA, 

k = 4.122 . The 

x 1087 13:636/TIK] [mol/h/bar? /kg catalyst] 
reaction rate is expressed in terms of per unit volume of 
catalyst, so if the catalyst were mixed with, say, 5% of 
inert material, then the effective rate of reaction of this 
mixture would be 95% (f = 0.95) of the rate given 
previously, and the value of k would be f times that of the 
undiluted catalyst, that is, 


ko5%—ditute = (0.95) (4.122 x 10% e—18:636/7,141)_ 


= 3.916 x 10% eel 
The results for different dilution rates (f) are shown in 
Figure E22.12. 
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Figure E22.12 Process Gas Temperature and 
Conversion Profiles for Different Levels of Catalyst 
Dilution (f) 


With a dilution factor of only 5%, the process gas 
temperature can be kept below the catalyst sintering 
temperature of 410°C with close to 80% conversion in a1 
m length of tube. For a 4 m long tube, the conversion 
increases to approximately 90%. 


22.2.3 Fluidized Bed Reactor 


The term fluidized bed reactor is used to describe a wide 
variety of gas-solid (and sometimes liquid-solid) reactor 
configurations in which the upward flow of fluid (gas) through a 
bed of catalyst particles exceeds the minimum fluidizing 
velocity. The type of fluidization is determined by the ratio of 
the superficial velocity to the minimum fluidizing velocity 
(us/Umg) and the size of the particles. Several flow regime maps 
describing fluidized flow behavior have been published, and the 
one that is attributed to Grace [10] is probably the most widely 
used. A simplified version of this flow map was presented in 
Chapter 19, Figure 19.11. Pictorial representations of the four 
most common flow regimes are shown in Figure 22.12 and are 


discussed here: 
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Figure 22.12 Common Flow Regimes and Corresponding 
Voidage Profiles for Fluidized Beds: (a) Bubbling Bed, (b) 
Turbulent Bed, (c) Fast Fluidized or Circulating Bed (Showing 
High and Low Solids Circulation Rates), and (d) Transport 
(Pneumatic Conveying) Reactor (Adapted from Kunii and 
Levenspiel [13]) 


e Bubbling fluidized bed (Figure 22.12[a]): For relatively low values 
of us/Umf and small particles, the system behaves as a bubbling fluidized 
bed. According to the two-phase theory of fluidization first introduced by 
Toomey and Johnstone [11], the bed can be separated into two distinct 
phases: the emulsion phase and the bubble phase. The majority of the bed 
containing the solids is at or slightly above the minimum fluidizing 
velocity and comprises the emulsion phase. The excess gas, above that 
required for minimum fluidization, passes through the bed in the form of 
distinct bubbles. The two-phase theory was extended by the pioneering 
work of Davidson and Harrison [12] who proposed the first accurate 
hydrodynamic model of bubbling fluidized beds. The exchange of the gas 
between the emulsion and the bubble phases means that at times the gas 
will see regions of high catalyst loading (emulsion) and at times it will see 
low catalyst loading (bubbles). If the particles are small, then Davidson 
and Harrison showed that a bubble is surrounded by a cloud of circulating 
gas that stabilizes the bubbles that rise through the emulsion and also 
limits the exchange of gas between the two regions or phases. When this is 
the case, it leads to significant bypassing of gas through the bed with a 
corresponding reduction in conversion compared to pure plug flow. 
Conversely, when the particles are large, the gas bubbles tend to have very 
thin clouds and gas from the emulsion tends to “short-circuit” through the 
bubbles and back into the emulsion phase. 


¢ Turbulent fluidization (Figure 22.12[b]): For higher values of us/umf 
and all but the largest particles, the system behaves as a turbulent 
fluidized bed. In this regime, the gas no longer flows through the bed as 
distinct bubbles. Turbulent bed behavior is characterized by elongated 
voids of gas and streamers or strands of solid particles moving about the 
bed in a rather violent and haphazard fashion, making it difficult to 
identify individual phases. The bed surface also becomes somewhat 
indistinct. Pressure fluctuations across the bed are large, and the general 


form of the bed is unstructured and chaotic. Due to the violent nature of 
the fluidization, solids are flung upward into the freeboard region of the 
bed and tend to overflow with the gas stream. For this reason, internal 
cyclones are usually employed to help return the catalyst particles to the 
reactor. 


e Fast fluidization (Figure 22.12[c]): As the value of us/umf continues 
to increase, solids start to be transported from the top of the bed and out 
of the reactor. For such conditions, much of the reaction takes place above 
the dense bed formed at the bottom of the equipment. Reactors operating 
in this fast fluidization regime are constructed with a long riser 
configuration that discharges into an external cyclone. Solids disengage 
from the gas in the cyclone and are circulated back to the base of the 
reactor where they are reinjected into the bed and get transported back up 
through the riser and into the cyclone. In this way, solids circulate in a 
loop and sometimes these reactors are referred to as circulating fluid- 
bed reactors. The height of the dense bed at the bottom of the riser is a 
function of the solids circulation rate and increases with increasing 
circulation rate. The solids moving up in the riser form clusters and may 
move toward the wall and fall downward before being re-entrained. The 
net movement of solids is up, but significant solids recirculation exists in 
the riser. 


e Transport (pneumatic conveying) reactors (Figure 22.12[d]): 
When the gas velocity exceeds about 20 times the terminal velocity for 
small particles and the mass loading of solids-to-gas is also about 20:1, 
then particles move upward in a lean state with little interaction with each 
other. Thus, both solids and gas move essentially in plug flow upward 
through the reactor. 


The type of fluidized bed reactor chosen for a given process 
depends on many factors, including the flowrate of gas and the 
size of catalyst particles. For example, in a bubbling bed, 
bubbles drag catalyst particles upward and provide good solids 
circulation that leads to near isothermal conditions in the bed. 
The disadvantages are that relatively low values of us/ums are 
needed, and to obtain such velocities, it may lead to beds that 
have large diameters and small heights. If higher gas velocities 
are required, circulating fluidized beds or transport reactors are 
normally used but do not act isothermally, although they still 
provide stable temperature control. A good review of the 
practical application of fluidized beds to a wide number of 
processes is given by Kunii and Levenspiel [13]. 


22.2.3.1 Reactor Models 


As stated previously, reactor models for fluidized beds are 
generally complex and vary widely depending on the flow 
regime. The simplest models are phenomenological in 
nature, whereby a picture of the flow patterns of gas and solids 
is assumed (based on experimental observations), and then a 
model is developed around this picture of the reactor. At the 
complex end of the modeling spectrum, rigorous 
hydrodynamic models for each phase are postulated along 
with appropriate closure equations that describe the 
interactions between the phases. These models are then 
integrated with the material and energy balances along the 
length of the reactor to give concentration and temperature 
profiles. For details of the different models, the interested 
reader is referred to Kunii and Levenspiel [13] for 


phenomenological models and Gidaspow [14] for rigorous 
computational models of gas-solid hydrodynamics. 

One very simple model is presented here to illustrate the 
approach used with phenomenological models. The model is the 
two-phase model given by Froment et al. [5] that is based on the 
work of May [15] and van Deemter [16], which may be used as a 
first approximation for a bubbling fluidized bed reactor. The 
model is illustrated in Figure 22.13, where the fluidized bed is 
split into an emulsion region and a bubble region. The incoming 
flow is split between the two regions with the gas required for 
minimum fluidization going into the emulsion region and the 
remainder of the feed gas going to the bubble region. There is 
an interchange of gas between the two regions that is 
characterized by kr (më gas/m° total reactor/s). 


(Caout 


(Che)out 


Emulsion 
Region 


Gas interchange 
between regions 


fp = Fraction of gas 
in bubble region 


fe = Fraction of gas 
in emulsion region 


(Calin 
Us 
Figure 22.13 Representation of Two-Phase Model for 


Bubbling Fluidized Beds 


The equations describing the change in concentration in 
each phase are given as 


dc 
fot» = ky (Cae — Can) — TA Po fo 
(22.53) 
dé 4. a? Che 
feue az = kr (cap = Cie) F FeDe- — TAPe (1 T fo) 
(22.54) 


and the exit gas concentration is given by the average of the gas 


leaving both regions as 


Uo (CA) out T Joun (CAd) out + feue (CAe) out 
(22.55) 


where ue is the interstitial velocity in the emulsion phase (ums / 
Emp), Up is the rise velocity of the bubbles, f;, is the fraction of the 
bed volume taken up by bubbles, and f is the fraction of the bed 
volume taken up by the gas in the emulsion. k; is an interchange 
coefficient between the two phases and is expressed in m?/(m? 
total reactor volume)/s. Values of ky must be found through 
experimentation using tracer techniques and are strong 
functions of the system parameters (particle size, fluidizing 
velocity, etc.). The term D, is a dispersion parameter to describe 
the flow of gas in the emulsion phase. Expressions for D, exist 
in the literature but are defined for only narrow ranges of 
operating and bed parameters, such as particle size, bed height, 
and u;/Ums. However, if plug flow or mixed flow of the gas are 
assumed in the emulsion phase, then De equals o or œ, 
respectively. Van Swaaij and Zuiderweg [17] concluded that the 
simple two-phase model gave an adequate description of the 
mass transfer and reaction taking place in the ozone 
decomposition reaction occurring in a bubbling fluidized bed of 
silica. A problem based on this system is given at the end of this 
chapter. 


22.3 PERFORMANCE PROBLEMS 


22.3.1 Ratios for Simple Cases 


Most reactions and reactors of industrial importance do not 
operate isothermally and cannot be described with simple 
reactor models (PFR or CSTR). Therefore, analytical solutions 
for reactor problems in the real world are rare. Nevertheless, 
when changes in the process occur, then simple models may 
often be used to determine the direction of the expected trends 
and methods to mitigate (if needed) the process change that has 
occurred. Example 22.13 illustrates this point. 


Example 22.13 


Consider the reaction in Example 22.4, which described 
the isothermal liquid-phase conversion of feed A to 
product B in a plug flow reactor. The reactor volume was 
found for a given temperature, and a conversion of 95% 
to be 304 L. The following data were provided: 

—r 4 (reaction rate) = mol/L/s = 0.05C?, [mol/L]’, 
C40 = 10 mol/L, the feed to the isothermal reactor was 
F4o = 80 mol/s, and the design equation (Equation 
[22.32]) was 


X dX 0.95 dX 
V=Fao f =s0 f — 
0 o ( 


—TA 0.05) c2 
_ af” dX 
co Jo (0.05) (1 — X}? 
0.95 
80 1 1 


_ (10)? (0.05) (1X) 


= $ (am — 1) = 3041 


0 


Now consider the case when the reactor is up and 
running, but the throughput to the reactor is increased 
by 20%. It may be assumed that heat generation within 
the reactor is negligible, that is, the heat of reaction is 
small. For this reactor, consider the following: 
1. What will the new conversion be (assuming the temperature 
remains constant)? 


2. If the original temperature of the reactor was 150°C, what should 
the temperature in the reactor be adjusted to so that the same 
conversion is achieved with the new throughput? The activation 
energy for this reaction is E = 20 kJ/mol. 


Solution 


1. The form of the reaction rate does not change, so the integrated 
form of the design equation is 


Ve Fg ie dX _ Fao l 1 z|- Fao 
oS xX) Rega aay 1 
(E22.13a) 


= 42 
kcho 


Using ratios with subscript 1 representing the base case and 2 
representing the new case and noting that k, = kə and C40, = 
CAo,2 gives 


2 
Yi Fao, | Xi PSE 


1- X1 Xo 
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Solving Equation (E22.13b), 


F402 


(B22.13b) 


_ Fan X 1-X, 1f 09 1- X 
~ Føz21-Xı X2  1.2|1-0.95 X> 
= Xa = 0.9406 or 94.06% 


2. In order to keep the conversion at 95%, the ratio ko/k, must = 
F40,2/Fao,1 = 1.2. Therefore, 


ky __ koe E/RT -E -E _ — 

u 12 = Toe ERT = EL R, In(1.2) = 0.1823 

1 toc: R 1 1 _ 8.314 

T TT, g (0-1823) =r (150 + 273.15) T ` 20,000 0.1823) 


> Th = 437.17K = 164°C 


There are two takeaways from Example 22.13. First, 
when the feed flowrate to the reactor increases and 
conditions of temperature (and pressure) remain 
constant, then the conversion goes down. This should be 
intuitively obvious, since the time spent by the reactants 
in the reactor (space time) is decreased giving less time 


| 


for A to react to form B. Second, by increasing the reactor 
temperature (from 150°C to 164°C), the conversion can 
be maintained at 95% with the new throughput. Again 
this result should agree with intuition in that a shorter 
time in the reactor may be compensated by a higher rate 
of reaction caused by a higher reactor/reaction 
temperature. 


22.3.2 More Complex Examples 


As stated previously, when the operation of the reactor involves 
significant temperature changes, then the energy balance must 
be considered in conjunction with the material balance, and the 
solution of such problems involves the simultaneous solution of 
two (or more) algebraic (CSTR) or ordinary differential (PFR) 
equations. To illustrate a more complicated (nonisothermal) 
problem, Example 22.8 is revisited. 


Example 22.14 


The problem statement for Example 22.8 was given as 
follows: An exothermic, liquid-phase reaction is to take 
place in a stirred tank reactor. The feed to the reactor (F) 
is pure A at 500 mol/min with a concentration of 10 
mol/L. The volume of the reactor is 100 L, and the feed 
temperature is 30°C. A reaction takes place in which A is 
converted to B (A — B) by a first-order reaction: 


1650 
-r4 = kc4 = 3e TM c,4{mol/m* /s| 
(E22.14a) 


The heat of reaction (-AH,.) is 75,240 J/mol, and it is 
approximately constant from 30°C-—200°C. Other data 
for the process and coolant are as follows: 
Data: 
Cpp = 4150 J/kg/°C, Cp.¢ = 4180 J/kg/°C, Tc,2 = 30°C, 
Tc, = 20°C, U = 1000 W/m’*/°C, pp = 1050 kg/m®, and 
ira peas, OE) ergo arated 
CAO (10 x 1000) 
In Example 22.8, the conversion was controlled at 80% 
by maintaining the reactor temperature at 93.5°C using 
cooling water entering the reactor at 20°C and leaving at 
30°C. The mass flowrate of cooling water was calculated 
to be 6.486 kg/s, and the required area for heat transfer 
was 3.96 m°’. 
The reactor designed in this example was implemented 
and runs as predicted. However, it has been decided to 
increase the flow of reactant to 600 mol/min keeping the 
inlet concentration at 10 mol/L. What must the cooling 
water’s flowrate and exit temperature be in order to 
maintain the conversion at 80%? 


Solution 


With the new flowrate, the time spent in the reactor will 
decrease, so the reactor temperature must be increased 
to maintain the desired conversion. Referring to Part (b) 
of Example 22.8, 


CAO 
1+kr 
(E22.14b) 


c4 = 2000 = 


but now the value of t has changed to 


= eaoV _ (10)(100) 
T= > = (600) /(60) = 100sec 


1+kr 100 | 2000 


= 2000 =. = p= Es = 1| — 0.040 (E22.14c) 


= 1650 i 
= 3e Tezi — T = 109.0°C 


The energy balance on the reactor and the heat 
exchanger design equations (Equations [22.40] and 
[22.41]) must now be solved simultaneously to determine 
the new coolant flowrate and exit temperature. Using 
ratios with subscript 1 representing the design case and 2 
representing the new case gives 


[ccp (T2 — Ti )la [Vra (c4, T) (—4H,) — Mpcpy (T — 


Tin)]ə 


[ccp (T2 — T1)], 7 [Vra (ca, T) (—AH,) — Mypcpy (T — 


(B22.14d) 
(20) els a Sot 
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<. Me 10) 
(E22.14e) 


(100) (3em ) (2000) (75,240) 
— (600/500) (0.875) (4150)(109 — 20) 


E a E E 
(100) (3em ) (2000) (75,240) 
— (0.875)(4150)(93.5 — 20) 
(22.148) 
(Tz — 20) 
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— V _10_ = 
~ Uy 68.38 m 2 
(E22.14h) 


To evaluate how the overall heat transfer coefficients 


Tin hy 


change, the relative contributions to the inside and 
outside coefficients must be determined. For the sake of 
this example, it is assumed that the resistances are equal 
for the base-case design. The inside (cooling water flow) 
resistance will change by Re®®, but the outside resistance 
will remain approximately constant assuming that the 
stirring speed does not change. Therefore, 


pn di z5] = 
Uz — | 2000m?* © 2000 


Ui. 1000 
(B22.14i) 


Substituting this equation into Equation (E22.14h) gives 


pn F z5] = 
1 2000428 2000 


© 6838 Îi ae 


(B22.14)) 


Solving equations (E22.14g) and (E22.14j) 
simultaneously gives 


Me 
= 0.9791 (The = (6.486)(0.9791) = 6.35 kg/s) and T) 
= 32.25°C 


By decreasing the cooling water flow to 6.35 kg/s, the exit 
temperature increases to 32.25°C and the reactor 
temperature increases to 109°C (from 93.5°C). This 
allows the flow to the reactor to increase by 20% and still 
maintains 80% conversion. 


Example 22.14 illustrates the need to solve the material 
balances, energy balances, and the design equation 
simultaneously when considering the behavior of reactors with 
heat exchange (or nonisothermal) behavior. In the case 
considered, the reactor was a CSTR and the equations are 
relatively simple to solve, since they are algebraic. For a PFR, 
the energy balance and material balances are in the forms of 
differential equations, and their solution is more complicated, 
but the same principles apply. Performance problems involving 
nonisothermal PFRs are considered in the problems at the end 
of this chapter. 


WHAT YOU SHOULD HAVE LEARNED 


Reaction kinetics, equilibrium, and heat transfer all play important 
roles in determining the correct design for chemical reactors. 


e There is a hierarchy of reactor configurations for removing heat from 
gas-phase exothermic (and endothermic) reactions. 


e Exothermic, gas-phase reactions may give rise to temperature hot 
spots in the reactor that can lead to dangerous conditions. 


e Simultaneous removal of heat from gas-catalyzed, reacting systems 


occurring in shell-and-tube reactors is necessary for highly 
exothermic reactions. Design of such systems often requires the 
solution of simultaneous coupled ordinary differential equations 
(ODEs). 


e Simultaneous removal of heat from liquid-phase reactions occurring 
in stirred tank reactors may be necessary. The design of such systems 
requires the solution of a set of coupled, nonlinear algebraic 
equations. 


e The role of mass transfer in determining reaction rates for 
heterogeneous (gas-solid catalyzed) systems is important and may 
dominate the kinetics at high temperatures. 


e The performance of simple reactor systems without temperature 
effects may be accomplished by comparing ratios. 
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SHORT ANSWER QUESTIONS 


1. A reaction between two components occurs in the gas phase 
and produces a single third component according to the 
following reaction: 


A+BSC 


1. Write the form of the reaction kinetics for the forward and reverse 
reactions assuming the reactions are elementary in form. 

2. If the reaction in the forward direction is highly exothermic, and the 
reaction is at equilibrium at a given temperature T,, what is the effect on 
equilibrium of increasing the temperature? 


2. Comment on the following statement: “For reactions in 
equilibrium, if the forward reaction is exothermic, then an 
increase in temperature reduces the conversion, which 
means that the forward reaction rate decreases with 
temperature.” 


3. Comment on the following statement: “For highly 
exothermic reactions, some form of heat exchange should be 
integrated within the reactor.” 


4. Comment on the following statement: “For an exothermic 
reaction, if the temperature is increased at constant pressure 
with a fixed reactor size, the conversion decreases.” 


5. Sketch the T-Q diagram for an endothermic reaction in a 
PFR for 


1. Countercurrent flow of HTM (heat transfer medium) 


2. Cocurrent flow of HTM 


What are the consequences on reactor size of choosing each 
configuration? Explain your answer by examining and 
discussing trends. 


PROBLEMS 


6. It is known that for a certain third-order, gas-phase 
reaction, the rate of reaction doubles when the temperature 
goes from 250°C to 270°C. The form of the rate equation is 


—r4 = me) cAch 


7. 


If the rate of reaction is 10 moles/m?/s at the base 
conditions, which are 20 atm pressure and 250°C, and an 
equal molar flow of A and B are in the feed (no inerts), 
answer the following questions: 


Compared to the base case, by how much does the rate of reaction (at 
inlet conditions) change if the temperature is increased to 260°C? 


Compared to the base case, by how much does the rate of reaction (at 
inlet conditions) change if the pressure is increased by 15%? 


Consider the following reaction® for the production of 
benzene via the homogeneous thermal dealkylation of 
toluene in the temperature range 700°C to 950°C: 


C7 Hg + Hy > Cs He + CH, 
toluene benzene 
25,614 


—Tto = 3.0 x 101e TKT Ctol Ch [mo1/m" of reactor/s| 


p 


where the concentrations of reactants are in mol/L reactor 
and the temperature is in K. The heat of reaction is -52.0 
kJ/mol (at 900°C) and -50.5 kJ/mol (at 700°C), and the 
average specific heats of the reactor feed and effluent are 
3.3216 kJ/kg/K (at 950°C) and 3.042 kJ/kg/K (700°C). 


If feed enters the reactor at 700°C and 25 bar, solve the material and 
energy balances for a plug flow reactor to determine the volume of reactor 
needed to give 90% conversion of toluene. The feed to the reactor 
comprises 80 kmol/h of toluene and 320 kmol/h of hydrogen. Plot the 
conversion and temperature profiles in the reactor. 


. Compare your results for Part (a) with the results from a commercial 


simulator. Use the Soave-Redlich-Kwong and latent heat methods for the 
vapor-liquid equilibrium and enthalpy packages, respectively. 


. For the solution to Problem 22.7(a), and assuming that the 


reactor is packed with inert ceramic spheres, 5 mm in 
diameter with a voidage of 0.45, and that the reactor has a 
Length/Diameter ratio of 8:1, determine the pressure drop 
across the reactor. For this problem use an average viscosity 
of the process gas of 26.8x10 kg/m/s and an average gas 
density calculated from the ideal gas law. Comment on the 
accuracy of using these average property values to determine 
the pressure drop across the reactor. 


. Consider the production of cumene (c) from the catalytic 


alkylation reaction of benzene (b) using propylene (p)— 
Reaction 1. A second undesirable reaction (Reaction 2) 
between propylene and cumene occurs to produce p- 
diisopropyl benzene (DIPB): 


k 
C3 He + Ce He > Co Hi 
P b c 


k 
C3 He + Co Hi2 > C12 Hig 
a ¢ DIPB 


where r; = k,¢pcp and ra = kycpc, and the rates of reaction are 


m 


10. 


p 


given in mol/L/s and the rate constants are 


o 7 12,530 
kı = 2.8 x 10' exp (- TIK] ) and 
17,650 


T[K] 
exothermic, and typical reactor temperatures are in the 
range 350°C to 410°C. The heats of reaction per mol of 
product in this temperature range are -100.6 kJ/mol and 
121.3 kJ/mol for Reactions 1 and 2, respectively. The heat 
capacities for the reactant and product streams may be taken 
to be the same and equal to 2.44 kJ/kg/K in this range. For 
this system, do the following: 


ka = 2.32 x 10° exp (- ) . These reactions are quite 


Determine the conversion of an equimolar feed of propylene and benzene 
(feed conditions are 350°C, 3 MPa, and 100 mol/s) if the reactor is run as 
an adiabatic packed bed with a maximum outlet temperature of 425°C. 
Based on the results from Part (a), is it feasible to obtain an overall 
conversion of 80% of the benzene using a series of staged packed beds 
with cooling between stages to bring the temperature back to 350°C at the 
inlet of the next reactor stage? Note: In practice, no more than four stages 
would be used. 


Reexamine Problem 22.9 for the following cases: 


Design a packed bed reactor with intercooling (shell-and-tube design) 
using a cooling medium with a phase change (Toit = 350°C) to obtain 
80% overall conversion of benzene. Assume that the catalyst tubes have a 
2-in diameter and are 3 m in length packed with 5 mm diameter spherical 
catalyst particles of density 2350 kg/ m” and voidage = 0.5. The properties 
of the process gas may be taken as constant with the viscosity as 17 x 10° 
kg/m/s and the thermal conductivity as 0.0525 W/m/K. For this case, 
you need to determine the number of tubes needed to give the desired 
conversion of benzene. For your design, the hot spot in the reactor must 
not exceed the maximum value of 425°C. 


Repeat Part (a) above using a process simulator. 


11. For the stirred tank reactor in Example 22.8, determine 


12. 


13. 


1. 


2. 


whether the chosen operating/design point (T = 93.5, X = 
80%, Tcı = 20°C, Tc, = 30°C, and A = 3.96 m°) represents a 
stable operating condition. 


For the case of methanol synthesis discussed in Example 
22.2, determine the appropriate expression for the 
equilibrium constant K(T) for the case when inerts are 
present in the feed along with the stoichiometric amounts of 
CO and hydrogen. What is the effect of adding 50% inerts to 
the feed for the case when the temperature is 500 K and the 
pressure is 100 bar? 


Using the data from Example 22.3, determine the volume of 
catalyst needed to convert 80% of a feed of pure methanol 
(at a rate of 12,500 kg/h) at 14 atm and 250°C in an 
adiabatic packed bed reactor for the following conditions: 


When pore diffusion effects are ignored 
Taking account of pore diffusion—note that the value of My and the 
catalyst effectiveness should be evaluated along the length of the reactor 


Hint: You may assume that the following gas properties (except gas 


density) are constant along the length of the reactor: cp = 2.10 
kJ/kg/K, u = 1.85 x 10” kg/m/s, k = 0.049 W/m/K, pin = 10.93 
kg/m’, —AH, = 12,000 J/mol, Dp = 3 mm, and voidage, £ = 0.45. 


14. In Example 22.9, the temperature and conversion profiles 
along the length of a plug flow reactor were generated for the 
production of phthalic anhydride from o-xylene assuming an 
overall heat transfer coefficient of 88.9 W/m*/K. The 
accuracy of heat transfer correlations is known to vary 
significantly. Assuming that the reactor was designed for an 
inlet partial pressure of o-xylene of 0.0165 bar, determine 
the following: 


1. The temperature and conversion profiles for a catalyst-filled reactor tube 
1m long when the heat transfer coefficient is 10% greater than predicted 
by the correlation. 

2. The temperature and conversion profiles for a catalyst-filled reactor tube 
1m long when the heat transfer coefficient is 10% lower than predicted by 
the correlation. 


3. Based on these results, how would you determine the actual reactor 
design needed to avoid a temperature runaway? 


15. In Example 22.9, the temperature and conversion profiles 
along the length of a plug flow reactor were generated for the 
production of phthalic anhydride from o-xylene assuming a 
tube diameter of 1 in (25.4 mm). Repeat the problem for an 
inlet partial pressure of o-xylene of 0.0165 bar and a 2-in 
tube. Compare your results to those for the 1-in tube and 
discuss the differences. 


16. In Example 22.9, the temperature and conversion profiles 
along the length of a plug flow reactor were generated for the 
production of phthalic anhydride from o-xylene assuming a 
particle size of 3 mm. Repeat this problem for an inlet 
partial pressure of o-xylene of 0.0165 bar using the following 
catalyst particle sizes, and determine the pressure drop 
across the bed. You may assume the same average gas 
properties as given in the example. 


1.5mm 


2. 2mm 


17. In Example 22.9, the secondary combustion reaction of o- 
xylene was ignored. If this reaction can be approximated by 
the following reaction rate, rework the example for inlet 
partial pressures of o-xylene (Component A) of 0.015, 0.016, 
0.0170, and 0.0175 bar. 


Cs Hio + 202 — 8CO,2 + 5H2O 

o-xylene 

=i) | mol/h/m*cat = 2 x 10!%¢~25,000/TIK] 5 , [bar] 
— AH omy = 4375 kJ/mol 


Do the results change significantly from those given in Example 


22.9? Are your conclusions surprising, and could you have 
determined these results by simply comparing the basic kinetic 
equations? 


18. One technique to control the generation of a hot spot at the 
beginning of a reactor is to load the front end of the reactor 
with a diluted catalyst and then to load the remainder of the 
reactor with the undiluted catalyst. For the phthalic 
anhydride example given in Examples 22.9, 22.10, and 22.11, 
it has been decided to load the front end of the reactor tubes 
with a catalyst containing 5% inactive material (f = 0.95) and 
the remainder with fully active catalyst (f= 1.0). For aim 
length, 25.4 mm diameter tube, what is the maximum 
conversion of o-xylene (pa in = 0.0175 bar) that can be 
achieved without exceeding the maximum catalyst 
temperature of 410°C? 


19. In the production of cumene from propylene, the following 
elementary, vapor-phase, irreversible reaction takes place: 


k 
C3He + Ce He CoH 


propylene benzene cumene 
The reaction rate is given by 


rı = kycpcp mol/(g cat)/s and kı = 3.5 


x 10* exp —12, 530 
T |K] 


The feed to a fluidized bed reactor consists of an equal ratio 
of benzene and propylene. The reaction takes place in a 
fluidized bed reactor operating at 300°C and 3 MPa 
pressure. For this problem, the fluidized bed may be 
assumed to be a constant-temperature CSTR reactor. 

At design conditions, you may assume that side reactions do 
not take place to any great extent and the conversion is 68%. 
It is desired to scale up production by 25% and all flows to 
the reactor will increase by 25% at the same feed 
concentration. Determine the following: 


z 


What is the single-pass conversion if the process conditions and amount 

of catalyst remain unchanged? 

2. What percentage change in catalyst would be required to achieve the 
scale-up assuming that the pressure, temperature, and conversion were 
held constant? 

3. Estimate how much the temperature would have to be changed (without 
changes in catalyst amount, operating pressure, or conversion) to achieve 
the desired scale-up. 

4. By how much would the pressure have to be changed (without changes in 

catalyst amount, operating temperature, or conversion) to achieve the 

desired scale-up? 


20. Consider a liquid-phase reaction occurring in a constant- 
volume, isothermal, batch reactor. 


1. For a first-order decomposition, what is the ratio of the time to reach 75% 


conversion to the time to reach 50% conversion? 

2. For a first-order decomposition, what is the ratio of the time to reach 90% 
conversion to the time to reach 50% conversion? 

3. Repeat Parts (a) and (b) for a second-order reaction between reactants 
initially in equimolar quantities. 


4. Explain the results for Parts (a), (b), and (c). 


21. In an isothermal batch reactor, a first-order, irreversible, 
liquid-phase reaction, A — B, occurs. The initial 
concentration is C4o. 


1. By what percentage must the reaction time be increased to raise the 
conversion of A from 0.9 to 0.95? 

2. If the initial conversion is 0.8, what will the final conversion be if the 
reaction time is increased by 50%? 


22. Repeat Problem 22.21 for a catalytic/enzymatic reaction 
with a rate expression of the form 


kic, 


os 1 + koc, 


where C49 = 10 mol/L, k; = 3.5 s", and ky = 0.45 L/mol 


23. It is known that for a certain second-order, elementary, gas- 
phase reaction (first order in A, first order in B), the rate of 
reaction increases by 50% when the temperature goes from 
250°C to 280°C. In a laboratory setup, a plug flow reactor 
operates at essentially isothermal conditions (250°C) and at 
an operating pressure of 20 atm. For a fixed inlet flowrate 
(equal molar flows of A and B in the feed with no inerts), the 
measured conversion of A is 57%. 


A+B>oC+D 


1. Compared to the base case, by how much does the conversion change if 
the temperature is increased to 265°C? 

2. Compared to the base case, by how much does the conversion change if 
the pressure is increased by 20%? 


24. Consider a liquid-phase reaction occurring in a constant- 
volume, isothermal CSTR. 


pr 


For a first-order decomposition, what is the ratio of the volume of reactor 
needed for 75% conversion to the volume needed for 50% conversion? 


2. For a first-order decomposition, what is the ratio of the volume of reactor 
needed for 90% conversion to the volume needed for 50% conversion? 

3. Repeat Parts (a) and (b) for a second-order reaction between reactants 
initially in equimolar quantities. 

4. Explain the results of Parts (a), (b), and (c). 


25. Consider the dehydration of isopropyl alcohol (IPA) to yield 
acetone and hydrogen: 


(CH3),CHOH Š(CH;),CO + H; 


IPA acetone 


This reaction is endothermic, with a heat of reaction of 57.2 
kJ/mol. The reaction is kinetically controlled and occurs in 
the vapor phase over a catalyst. The reaction kinetics for this 
reaction are first order with respect to the concentration of 
alcohol and can be estimated from the following equation: 


—rrpa = ko exp |- | crpakmol/m? (catalyst) /s 


ay 
RT [K] 
where Ea = 72.38 MJ/kmol, ko = 1.931x10° m° (gas)/m? 
(reactor)/s, and c;p, has units of kmol/m? (gas). 


The feed to the reactor is 87 wt% IPA in water at 240°C and 
2 bar. Spherical catalyst particles (5 mm in diameter) are 
placed in 50 mm ID tubes of length 6 m. The heat transfer 
coefficient on the tube side of the reactor is limiting. A heat 
transfer medium (HTM) is available as part of a heating loop 
that supplies the HTM to the reactor shell at 400°C. 


Properties of the heat transfer fluid are 


c, = 28003 /ke/°C, p = 680kg/m*, k = 0.078 W/m/K 
p g »P g , H 
= 0.00012 kg/m/s 


Properties of the process gas are 


Cpp = 2200 J/kg/°C,kp = 0.055 W/m/K,up= 1.48 
x 10°-°kg/m/s 


Properties of the catalyst are 


Voidage = 0.45, Peat = 2400 kg/m? 


p 


Determine the conversion of alcohol to acetone assuming that the HTM 
flows cocurrently with the process gas. Assume that the HTM flows at a 
rate of 200,000 kg/h, the inlet flowrate to the reactor is 8,000 kg/h of 
IPA and water, and the reactor has a total of 1600 tubes arranged on a 
square pitch with the tube centers 75 mm apart. 


N 


. Sketch the temperature concentration profiles in a single reactor tube. 


26. For the setup in Problem 22.25, do the following: 


a 


Reconfigure the utility flow to be countercurrent with the process gas and 
determine the conversion of IPA. 


N 


. Sketch the temperature concentration profiles in a single reactor tube. 


27. For the setup in Problem 22.25, do the following: 


g 


Determine the change in IPA conversion if the flowrate to the reactor 
increases by 25% but the utility flow does not change. 


2. Determine the change in utility flowrate that must accommodate the 
change in feed gas rate in order to maintain the same conversion of IPA as 
in Problem 22.25. 


28. Determine the pressure drop across the reactor tubes for 
Problem 22.25. 


29. The catalytic decomposition of ozone in fluidized beds of 


silica particles impregnated with FeO, was studied by Van 
Swaaij and Zuiderweg.* The decomposition reaction for a 
given temperature and catalyst loading was shown to follow 
a simple first-order model: 


203 as 302 and ky =1 [s~] 


Fez O3 
These researchers report the following experimental results: 


e(voidage in emulsion phase) = 0.45 
bea =2.4m 

us = 0.15 m/s (superficial velocity) 
Umf = 0.01 m/s 


Ububble = 1.62 m/s 


For the case where the interchange coefficient between the 
bubble and emulsion phase is zero (i.e., gas in bubbles does 
not interact with the catalyst), determine the conversion of 
pure ozone feed when the emulsion phase is completely well 
mixed. 


30. Repeat Problem 22.29 for the case when the gas flows 
through the emulsion phase in plug flow. 


31. For the laminar flow reactor problem given in Example 22.6, 
determine the volume of the reactor needed to obtain a 
conversion of 95%. 


32. For the laminar flow reactor problem given in Example 
22.6, determine the flowrate of feed needed to increase the 
conversion to 95%. 


33. For the laminar flow reactor problem given in Example 22.6, 
determine conversion in the reactor when the flowrate of 
feed is increased by 25%. 

è? Zimmerman, C. C., and R. York, “Thermal Demethylation of Toluene,” Ind. 

Eng. Chem. Proc. Des. Dev. 3 (1964): 254-258. 

b McKetta, J. J., and W. A. Cunningham (Ed.), Encyclopedia of Chemical 

Processing and Design, vol. 1 (New York: Marcel Dekker, 1976), 314-362. 

° Sheely, C. Q., Kinetics of Catalytic Dehydrogenation of Isopropanol, Ph.D. 

Thesis, University of Illinois, 1963. 

d van Swaaij, W. P. M., and F. J. Zuiderweg, “Investigation of Ozone 

Decomposition in Fluidised Beds on the Basis of a Two-Phase Model,” Chem. 

React. Eng., Proc. Eur. Symp. B, B9-25-36, 1972. 


Chapter 23: Other Equipment 


WHAT YOU WILL LEARN 
The basic equations governing the design of pressure vessels 


How to estimate the size and mass of pressure vessels made from 
common materials 


How to determine the length and diameter of knockout drums, 
including vapor-liquid (V-L), liquid-liquid (L-L), and L-L-V 
separators 


How to estimate the pressure drop, flooding condition, and droplet 
size distribution for mist eliminators 


How to predict the performance of phase separators 


The key design parameters for the design of liquid-liquid separators 


The principles of operation of steam ejectors 
How to specify single-and multistage steam ejectors 


How to predict the performance of steam ejectors 


The purpose of this chapter is to introduce the concepts 
necessary for a process engineer to perform preliminary 
analyses and obtain preliminary designs of pressure vessels, 
simple phase separators or knockout drums, and steam ejectors. 
Pressure vessels are used nearly everywhere in the process 
industry to contain fluids safely at pressures above atmospheric. 
Knockout drums are used extensively in the process industry to 
allow different phases to separate prior to feeding to 
downstream processing equipment. The basic principle is to 
provide enough volume and residence time to allow a dispersed 
phase to separate from a continuous phase, usually under the 
influence of gravity. Steam ejectors are widely used to maintain 
vacuum conditions in process equipment through the expansion 
of low-to medium-pressure steam (or air) through a nozzle and 
diffuser (ejector). 


23.1 PRESSURE VESSELS 


A pressure vessel is defined as any container that has a pressure 
differential between the inside and the outside [1]. The 
American Society of Mechanical Engineers (ASME) Boiler and 
Pressure Vessel Code, Section VIII [2] specifies design methods 
for vessels over a range of pressures from 100 kPa to 30 MPa 
(~1-300 atm). By contrast, the American Petroleum Institute 
(API) defines storage tanks as tanks that are designed with 
internal pressures to accommodate no more than that generated 
by the static head of the fluid in the tank. In this chapter, the 
focus is on the design of pressure vessels covered by the ASME 
code. 


The design of pressure vessels is a very involved process that 
requires complex analysis of stress and strain relationships in 
all directions within the shell of the vessel. These stress patterns 
may be very complex, requiring sophisticated software to 
calculate the forces in the shell. Moreover, when the vessel 
undergoes repeated cycling of pressure and/or temperature, the 
history of this cycling has an effect on the vessel integrity. All 
these detailed calculations and analyses must be performed by 
mechanical engineers with specific expertise. However, for the 
purposes of this book, a simplified approach to vessel sizing is 
given. Such an analysis should provide the chemical or process 
engineer with enough information to determine the 
approximate shell thickness and the thicknesses of the heads or 
end caps. With such information, an estimate of the weight of 
the vessel and an approximate capital cost can be made. 


23.1.1 Material Properties 


Vessels for chemical processes are nearly always made from 
metal. However, for some small-scale plants and some 
pharmaceutical and food processing plants, polymer tanks may 
be used. The discussion here is restricted to metal vessels. There 
are many mechanical properties that effect the design of a 
pressure vessel, including tensile strength, ductility, corrosion 
resistance, and fracture toughness. Here, tensile strength and 
corrosion resistance are emphasized. In Table 23.1, the 
maximum allowable tensile stress (Smax) for some common 
carbon, low-alloy, and high-alloy steels are given; for their 
compositions and other properties, the ASME Boiler and 
Pressure Vessel Code, Section II—Material Properties should be 
consulted. In Table 23.2, the values for Smax for some other 
common metals are given. 


Table 23.1 Maximum Allowable Tensile Stress (MPa) 
of Carbon and Low-and High-Alloy Steels Carbon 
Steel 


T [°C] SA515- SA515- SA516- SA516- SA285- SA285- SA285- 


(900) 


(°F) 55 70 55 70 A B Cc 
-290 94.4 120.6 94.4 120.6 77.2 86.1 94.4 
(-20) 

343 94.4 120.6 94.4 120.6 We 86.1 94.4 
(650) 
371 91.0 114.4 91.0 114.4 75.8 83.4 91.0 
(700) 
427 70.3 82.7 70.3 82.7 62.0 66.2 70.3 
(800) 

482 44.8 44.8 44.8 44.8 44.8 44.8 44.8 


538 17.2 17.2 17.2 17.2 


(1000) 
T [°C] (°F) SA202-A SA202-B SA387 

| —29 (-20) 128.9 146.1 103.4 | 
| 343 (650) 128.9 146.1 103.4 | 
| 371 (700) 122.0 136.4 103.4 | 
| 427 (800) 86.8 88.2 103.4 | 
| 482 (900) 44.8 44.8 90.3 | 
| 538 (1000) 17.2 17.2 19.3 | 
| 593 (1100) 28.9 | 

649 (1200) 11.0 


High-Alloy Steel 


T [°C] (°F) SA-240 SA-241 SA-242 SA-243 SA-244 

Stainless steel grade 304 304L 310S 316 410 
| —29 (-20) 128.9 107.5 128.9 128.9 111.6 | 
| 38 (100) 128.9 107.5 128.9 128.9 111.6 | 
| 93 (200) 107.5 91.7 116.5 110.9 106.1 | 
| 204 (400) 88.9 68.9 102.7 91.7 99.2 | 
| 371 (700) 75.8 64.1 87.5 77-9 90.3 | 
| 482 (900) 69.6 79.9 74.4 71.7 | 
| 538 (1000) 66.8 67.5 73.0 44.1 | 
| 593 (1100) 60.6 34.5 71.0 20.0 | 
| 649 (1200) 41.3 17.2 51.0 6.9 | 
| 704 (1300) 25.5 4.8 28.3 | 
| 760 (1400) 15.8 2.1 15.2 | 

816 (1500) 9.6 1.4 11.7 


Source: Excerpted from Perry, R. H., and C. H. Chilton. Chemical 


Engineers’ Handbook, 5th ed. (New York: McGraw-Hill, 1973) [4]. 


Table 23.2 Maximum Allowable Tensile Stress (MPa) 
of Other Alloys and Nonferrous Metals 


T [°C] Hastelloy® Nickel Monel® Inconel® Inconel Incoloy® 
(°F) C-276 200 400 625 825 800 
SB- SB- 
SB-575 160 SB-127 SB-443 424 SB-409 


(1500) 


-290 172.3 68.9 128.2 189.5 146.1 111.6 
(-20) 
38 172.3 68.9 128.2 189.5 146.1 111.6 
(100) 
93 172.3 68.9 113.0 189.5 146.1 111.6 
(200) 
204 148.2 68.9 102.0 184.7 146.1 111.6 
(400) 
316 129.6 68.9 101.3 175.0 146.1 110.3 
(600) 
371 122.7 101.3 172.3 144.7 108.2 
(700) 
427 117.8 97.9 169.5 143.3 105.4 
(800) 
482 114.4 55.1 165.4 141.3 102.0 
(900) 
538 113.7 163.3 135.8 99.2 
(1000) 
593 103.4 161.3 79-9 
(1100) 
621 84.1 144.7 64.1 
(1150) 
649 67.5 91.0 51.0 
(1200) 
704 40.7 
(1300) 
760 20.7 
(1400) 
816 13.1 
| 


871 8.3 
(1600) 


899 6.8 

(1650) 
T [°C] Aluminum Aluminum = Aluminum Aluminu 
(°F) Titanium Titanium 1060 1060 1060 1060 


ASME ASME 


Grade 2 Grade 9 Temper 0 H112 H112 H112 
Thickness 0.051— 0.25- 0.5-1.0 1.001— 
(inch) 3.0 0.499 3.0 

38 86.1 155.1 11.0 18.6 17.2 15.2 
(100) 
66 82.7 155.1 11.0 17.9 16.5 14.5 
(150) 
93 75.1 149.5 11.0 16.5 14.5 13.1 
(200) 
121 68.2 143.3 9.6 13.8 13.1 11.7 
(250) 
149 62.0 136.4 8.3 12.4 11.0 9.6 
(300) 
177 57.9 128.2 6.9 11.0 9.6 6.9 
(350) 
204 53.1 121.3 5.5 6.9 6.9 5.5 
(400) 
260 45.5 108.9 
(500) 
316 39.3 104.1 
(600) 


Source: Data excerpted from ASME Boiler and Pressure Vessel Code, 1995, Section II, Parts A-D. 


Corrosion resistance of metals is a complex subject and, 
again, beyond the scope of the current text. However, Table 
23.3, from Sandler and Luckiewicz [3], provides a cursory 
summary of material suitability for some common chemicals 
and processes. 


Table 23.3 Corrosion Characteristics for Some 
Materials of Construction 


304 316 


Chemical 
Component 


Acetaldehyde 


Acetic acid, 
glacial 


Acetic acid, 
20% 


Acetic 
anhydride 


Acetone 


Ammonia, 
10% 


Aniline 


Aqua regia 


Benzaldehyde 


Benzene 


Benzoic acid 


Furfural 


Gasoline 


Heptane 


Hexane 


HCl, 0%- 
25% 


HCl, 25%- 
37% 


HF, 30% 


HF, 60% 


H203, 30% 


H203, 90% 


HS, aqueous 


Carbon 
Steel 


N 


Stainless 
Steel 


Stainless 
Steel 


A 


Aluminum 


Copper 


Brass 


Monel 


Hi 
c 


Maleic acid 


Methanol 


Methyl 
chloride 


Methy] ethyl 
ketone 


Methylene 
chloride 


Naphthalene 


Nitric acid, 
10% 


Nitric acid, 
50% 


Oleic acid 


Oxalic acid 


Phenol 


Phosphoric 
acid, 0%- 
50% 


Phosphoric 
acid, 51%— 
100% 


Propyl 
alcohol 


Sodium 
hydroxide, 
20% 


Sodium 
hydroxide, 
50% 


Stearic acid 


Sulfuric acid, 
0%-10% 


Sulfuric acid, 


10%—-75% 


Sulfuric acid, N N N N N Cc C 
75%—100% 


Toluene A A A A A A £ 
Urea A A A £ 
Xylene A A £ 


| Tartaric acid A A A A C £ 


A = acceptable; B = acceptable up to 30°C; C = caution, use under limited conditions; N = not reeommendec 


Source: Reproduced by permission from Sandler, H. J., and E. T. Luckiewicz. Practical Process Engineerin 
(Philadelphia: XIMIX, Inc, 1987) [3]. 


23.1.2 Basic Design Equations 


As noted by Chattopadhyay [1], there are two basic philosophies 
that can be applied to the design of pressure vessels: design by 
rule and design by analysis. The approach used here is the 
design-by-rule philosophy; in other words, a simple equation- 
based approach is adopted. 


23.1.2.1 Cylindrical Shells 


For moderately thick shells (t < 0.25D;), Section III, Division 1, 
of the ASME Boiler and Pressure Vessel Code gives the 
following formula for the thickness of a shell (tsheu) to withstand 
an internal pressure (P in gauge pressure) in a vessel of internal 
diameter D;: 


PD; 


2SE — 1.2P (a 


tshell = 
where S is the allowable stress taken to be equal to Smax from 
Tables 23.1 and 23.2, and E is a welded joint efficiency. The 
need for the term E arises because vessels are most often 
constructed by welding curved plates of metal together, and the 
welded joint generally will not be as strong as the metal plate. 
Values of E, a dimensionless quantity, range from 1.0 (100%) 
for double-welded butt joints that are fully radiographed to 
about 0.6 (60%) for single-welded butt joints without backing 
strips and without radiographing. The types of welds are 
illustrated in Figure 23.1, and suggested efficiencies from Perry 
and Chilton [4] are given in Table 23.4. 


Double-welded butt joint 
(a) 


Backing strip 


Single-welded butt joint with backing strip 
(b) 


Single-welded butt joint without backing strip 
(c) 


Figure 23.1 Different Types of Welds (Used by Permission 
from Perry, R. H., and C. H. Chilton. Chemical Engineers’ 
Handbook, 5th ed. [New York: McGraw-Hill, 1973] [4]) 


Table 23.4 Efficiencies of Welds to Be Used in 
Equation (23.1) 


Type of Weld Efficiency, E 


Double-Welded Butt Joints 


Fully radiographed 1.0 
Spot radiographed examination 0.85 
No radiographed examination 0.70 


Spot radiographed examination 0.80 
No radiographed examination 0.65 


Single-Welded Butt Joints without Backing Strip 


Single-Welded Butt Joints with Backing Strip | 
No radiographed examination 0.60 | 


| Fully radiographed 0.90 


Source: Data excerpted from Perry, R. H., and C. H. Chilton. Chemical 
Engineers’ Handbook, 5th ed. (New York: McGraw-Hill, 1973) [4]. 


23.1.2.2 Corrosion Allowance 

When specifying a material of construction for a vessel, 
information such as shown in Table 23.3 should be consulted. 
Even though a material may be designated as acceptable for a 
given service, some corrosion will likely occur over the lifetime 
of the vessel, which might be 50 years or more. It is standard 
practice that additional thickness above that calculated by 
Equation (23.1) is provided as a safety margin for material 
removal by corrosion. Therefore, Equation (23.1) is modified to 
include an additional thickness for a corrosion allowance, tca, 
as 

tshell = a + toa (23.2) 
where typical values of tc, are between 3.175 and 6.35 mm 
(1/8-1/4 in). In addition, the minimum thickness for any 
process vessel set by the ASME code is 4.763 mm (3/16 in). 


23.1.2.3 Heads 


A variety of heads (end sections) for vessels is possible, the most 
common being flanged elliptical and dished (torispherical) 
heads. Flat flanged, conical, hemispherical and toriconical 
heads are also used for special applications. Equations (23.3) 
and (23.4) are for elliptical and torispherical (dished) heads, 
respectively. The geometries and geometric parameters of these 
heads are illustrated in Figure 23.2. 


I 
ji 
! 
pe = OL: 
hB@L- yL2-0.25D;? / 
I 
I 
! 


(a) (b) 


Figure 23.2 Examples of Vessel Heads: (a) Elliptical, (b) 
Dished or Torispherical 


PD;K 


thead _ 3SE—0.2P + tga elliptical 


(23.3) 


PLM 


thead = 35E0.2P + tca dished 


(23.4) 


where D; is the internal diameter of the vessel to which the head 
is attached and K is a geometric factor for elliptical heads given 


2 
by K = i 2 + (3) ; for the case when h = D,/4 (a 2:1 
elliptical head), K = 1. The parameter M is called the stress 
intensity factor for dished heads and is given by 
M= 1 [3 +4] +| , where L is the radius of the head and r; is 


the knuckle radius, as shown in Figure 23.2. A standard design 
known as an ASME head uses values of L = D; and r = 0.03D;, 


which gives values of h = 0.134 D; and M = 1.77. 


23.1.2.4 Nozzles 


Equation (23.2) may be used to assess the thickness of the wall 
of an inlet or outlet nozzle, where the value of D; is that of the 
inlet/outlet pipe. A common practice when installing nozzles is 
to provide reinforcement for the shell around the nozzle by 
welding additional material onto the shell in the vicinity of the 
nozzle. Details of this practice are given by Chattopadhyay [1]. 


23.1.2.5 Mass of Vessels and Heads 


The mass of a cylindrical shell (Msren) of inside diameter D; and 
length (tangent-to-tangent) z is simply the volume of the shell 
multiplied by the density of the material of construction (pm). 
Here the term tangent-to-tangent refers to the distance of the 
straight portion of the cylindrical shell. 


Meshell = Tt en (Di + tshell) ZPm 


(23.5) 
The approximate formulae for elliptical (2:1) and dished 
(ASME) heads are 
T 2h\? 2h T 
Melliptical,2:1 = zP i + (>) (2 = *)| theadPm = 1.3757 Di theadPma 
(23.6) 
2 
T a 2h 2h Ma 
; = D? — 2 — — || theadPm = 1.124—D* thead Pm 
Mdished, ASME 10 1+ =) ( D, head P g i thead P 
(23.7) 


For nozzles, manways, skirts, and other miscellaneous items, 
an additional 10% to 20% should be added to the mass of the 
shell and heads to give the approximate weight of the vessel. 
The densities of some common metals used in the construction 
of pressure vessels are given in Table 23.5. 


Table 23.5 Densities of Common Metals Used in 
Pressure Vessel Construction 


Metal Density (kg/m) 


Carbon steel (all grades) 7,850 


Low-alloy steels (all grades) 7,800 


SS-304, SS-310, SS-316 8,000 
SS-410 7,800 


| High-alloy steels (all grades) | 
| Hastelloy C-276 8,890 | 


Nickel 200 8,894 


Monel 400 8,830 
Inconel 625 8,446 
Inconel 825 8,141 
Incoloy 800 7:949 
Titanium Gr 2 4,510 
Titanium Gr 9 4,480 
Aluminum 1060 2,705 


The equations and methods for sizing pressure vessels are 


illustrated in Example 23.1. 


Example 23.1 


A vessel is to be designed to withstand an internal 
pressure of 10 MPag (1450 psig) at 250°C. The tangent- 
to-tangent length (z) of the vessel is 15 m, and the inside 
diameter (D,) is 1.52 m. The vessel is designed to have 2:1 
elliptical heads and will be made of grade 316 stainless 
steel. Estimate the thickness of the shell and heads and 
the mass of the vessel. Use a corrosion allowance of 3.175 
mm (1/8-in) and a joint efficiency of 0.85. 


Solution 

From Table 23.1 for SS 316, 
S (204°C) = 91.7 MPa 

S (371°C) = 77.9 MPa 


Interpolating gives S (250°C) 
250 — 204 
= (250 = 204) (oz g — 91.7) + 91.7 = 87.9 (MPa) 
(371 — 204) 
Determine the thickness of the shell using Equation 
(23.2): 

PD 
2SE —1.2P 
(10 x 10°) (1.52) 

(2) (87.9 x 10°) (0.85) — (1.2) (10 x 10°) 

+ 0.003175 = 0.1138m 


t < 0.25D; = 0.38m 


tshell = + toa 


From Equation (23.5), using a density of 8000 kg/m’, 


Meshell = Ttshell (Di + tehett) ZPm 
= 7 (0.1138) (1.52 + 0.1138) (15) (8000) = 70, 092kg 


From Equation (23.3) with K = 1.0 for a 2:1 elliptical 
head, 


PD,K 
2SE — 0.2P 
(10 x 10°) (1.52) (1.0) 

(2) (87.9 x 10°) (0.85) — (0.2) (10 x 10°) 

+ 0.003175 = 0.1063m 


thead = + toa 


From Equation (23.6) for a 2:1 elliptical head, 
T no 
Melliptical,2:1. = 13757 Pi thead Pm 


= (1.375) + (1.52)? (0.1063) (8000) = 2, 122kg 


Taking account of the additional nozzles, and so on, 
using a factor of 15% additional mass, the total mass of 
the vessel is estimated to be 


Mvessel ~ [70,092 + (2) (2122)] (1.15) = 85, 490kg 


23.2 KNOCKOUT DRUMS OR SIMPLE 
PHASE SEPARATORS 


The purpose of knockout drums, or more correctly, simple 
phase separators, is to provide a location for the disengagement 
of one phase from another. The most common example is the 
disengagement of a liquid from a gas or vapor. However, the 
separation of two liquid phases and indeed the separation of a 
gas or vapor and two liquid phases are commonly practiced. 
Equipment in which the separation of solids from either a gas or 
liquid phase are also common but are not covered here. 


23.2.1 Vapor-Liquid (V-L) Separation 

The separation of a liquid from a mixture of gas or vapor and 
liquid occurs in many instances in a chemical plant. For 
example, during the pressurization of a gas through multiple 
stages of compression, it is usual for interstage coolers to be 
employed between successive compression stages. The cooling 
of the gas reduces the volumetric flow into the subsequent 
compression stage and hence reduces the overall power 
requirement for compression. As the gas is cooled, it is possible 
for condensable components to liquefy, and these must be 
removed prior to recompression to avoid damage to the 
compressor. Likewise, it is common for the effluent (exit) 
stream from a gas-phase reactor to contain condensable 
components that will liquefy when this stream is cooled prior to 
separation in a distillation column/tower or other unit 
operation. Often, gases and liquids are separated prior to being 


fed to separation equipment to avoid slugs of liquid entering the 
tower and dislodging trays or temporarily flooding the tower. 
The reflux drum placed after the condenser in a distillation 
column (often) may also act as a liquid-vapor separator if 
noncondensable species are present in the overhead vapor or if 
a partial condenser is used. In these cases, the liquid is sent 
back to the column as reflux and may also be the overhead 
product. Any noncondensed vapor must be separated from the 
liquid to avoid cavitation in the reflux and/or product pump. 
Because mechanical damage to a compressor can be very 
expensive and potentially dangerous, the criteria for particle or 
droplet removal for compressor knockout drums are generally 
more stringent than for other applications. 


Only the physics of separating the two phases (liquid and 
vapor) are considered in the design procedure outlined here. 
The liquid and vapor will generally be in or close to equilibrium 
with each other, and the amounts of liquid and vapor will be 
determined by conditions in the V-L separator. A typical 
vertically oriented V-L separator is illustrated in Figure 23.3. 
Referring to Figure 23.3, the two-phase V-L mixture enters the 
side of the drum through a feed nozzle and flows through an 
inlet device. This device could be an angled piece of metal, as 
shown in the diagram (called a splash plate), or it could be a 
variety of other devices, such as a welded metal box with open 
sides, a slotted tee distributor, a half-open pipe, a simple elbow, 
a tangential inlet with an annular ring, or a vane-type device 
sometimes called a Schoepentoeter™. These devices are 
illustrated in Figure 23.4. The purpose of the inlet device is 
twofold. First, it protects the opposite side of the vessel from 
erosion that would be caused by the high velocity V-L mixture 
impinging on the vessel wall. Second, it dissipates the 
momentum from the incoming fluid and diverts the liquid 
stream downward toward the surface of the accumulated liquid. 
The other inlet devices shown in Figure 23.4 are used to provide 
the same effect as the simple splash plate in Figure 23.3 but are 
generally more efficient and can be used for higher inlet 
momentum. They also reduce the production of fine droplets 
and may be better suited for certain applications. As the vapor 
disengages from the liquid, it eventually moves upward toward 
the vapor exit at the top of the vessel. Inevitably, small liquid 
droplets will be entrained in the upward-moving gas stream and 
usually must be removed from the vapor leaving the top of the 
vessel. Liquid droplet removal from the gas is achieved by 
reducing the gas velocity, which allows the larger drops to fall 
under the influence of gravity back to the liquid surface via 
gravity settling. The addition of a mist eliminator is also often 
employed to capture and return very small droplets that cannot 
be practically removed via gravity settling. The liquid leaves 
from the bottom nozzle that normally has a vortex breaker 
attached. The vortex breaker may be a simple metal cross- 
welded to the top of the nozzle inside the vessel, or it could be 
one of several other designs. The purpose of the vortex breaker 


is to disrupt the vortex that is created when liquid leaves the 
bottom of the vessel and reduces the possibility that vapor is 
sucked down into the liquid stream, which becomes more likely 
when the liquid level drops toward the bottom of the vessel. 


Overhead vapor stream 


RO Optional mist eliminator 


Splash plate Vapor flow path 


Small liquid drops become entrained 
in upward-moving gas stream 


V-L mixture 


Larger liquid drops 
coalesce and fall 


Liquid surface 
Vortex breaker —— eS 


Bottom liquid stream 


Figure 23.3 Typical Vertical, Two-Phase Vapor-Liquid 


(a) (b) 
90° Elbow 
[FRS 


(e) 


Separator 


(c) (d) 


Half pipe 
removed 
and end blanked 
‘ Inlet nozzle s 
Deflecting vanes Deflecting vanes 
Inlet nozzle 
Tapered channel Spiral channel 


Figure 23.4 Examples of Different Inlet Devices for Vapor- 


Liquid Separators: (a) Straight Pipe, (b) 90° Elbow, (c) Open 
Box/Splash Plate, (d) Open Pipe Crossflow Orientation, (e) 
Open Pipe Inlet, (f) Tapered Channel (Schoepentoeter-Type), 
and (g) Cyclonic Distributor 


The criteria for using vertical or horizontal separators are 


given in BN-EG-UE109 Guide for Vessel Sizing [5] and are 
summarized in Table 23.6. 


Table 23.6 Criteria for Choosing Vertical or 
Horizontal V-L Separators 


Vertical Vessel 


Has a small footprint and should be used when plot/site space is at a 
premium. 


For a given flowrate and inlet condition, the separation efficiency is 
not a function of liquid level, unlike for horizontal vessels, where the 
cross-sectional area for gas flow decreases with increasing liquid level. 


Generally it is easier to remove solids than in horizontal vessels where 
solids tend to settle out on the horizontal floor of the vessel. 


Generally, the calculated required volume is lower. 


Preferred orientation for reactor effluent (V-L), compressor knockout 
drums, gas knockout drums, and condensate flash drums. 


Horizontal Vessel 


Easier to accommodate large liquid slugs that can be mitigated by 
including a vertical baffle or liquid distributor to calm the liquid flow. 


Less head room (overhead space) is required. 


The liquid velocity in the downward direction is lower which improves 
the removal of small gas bubbles (degassing) and improves the 
breakdown of foam. 


A boot can easily be added to allow the removal of small amounts of a 
heavier liquid phase (water). 


Preferred orientation for three-phase reactor effluent separators (V- 
L/L), reflux drums, flare knockout drums, recycle mixing drums, and 
steam disengaging drums. 


Source: Excerpted from Red-Bag. n.d. BN-EG-UE109 Guide for Vessel 
Sizing. http://red-bag.com/engineering-guides/249-bn-eg-ue109- 
guide-for-vessel-sizing.html [5]. 


The choice of an inlet device is a balance between cost and a 
variety of other factors, such as reduction of droplet shattering 
upon entry, good distribution of gas and liquid, the ability to 


reduce bubble entrainment in the liquid, pressure drop, and 
reducing the momentum of the two-phase mixture entering the 
V-L separator. Common inlet devices used in V-L separators 
were illustrated in Figure 23.4. Table 23.7 shows the attributes 
of these devices. It should be noted that the higher the velocity 
and/or the amount of liquid in the feed, the more important it is 
for the distribution of the feed to be uniform. Some typical 
limits for inlet devices are given in Table 23.8. 


Table 23.7 Relative Merits of Different Inlet Devices 


Reduces 
Bubble 
Provides Minimizes Provides Entrainment 
Low Inlet Droplet Good Bulk Provides in Liquid 
Pressure Prevents Sizeand Separation Good Gas and 
Inlet Device Drop Entrainment Breakup of Liquid Distribution Defoaming 
Straight pipe a z _ _ B 7 
Splash E 
plate/diverter 
box 
Half pipe z o o o B B 
Vane type + + + + + + 
Cyclonic type o o/+ 4 E o T 
— = poor, o = average, + = good. 
Source: From Campbell, J. M. Gas Conditioning and Processing, Volume 2: The 
Equipment Modules, 9th ed., 2nd printing (Norman, OK: Campbell Petroleum Series, 2014) 
[6]. 


Table 23.8 Criteria for Choosing the Appropriate 
Inlet Device for Vapor-Liquid Separators Based on 
the Average Momentum of the Inlet Flow, <pu >inlet 


Type of Inlet Device Sa Emde Ib/ft/sec? <pu’ > inlet kg/m/s” 
| No device (straight pipe) <700 <1040 
| Diverter/splash plate <950 <1410 


Vane type <5400 <8040 


Half pipe <1400 <2080 | 


Cyclonic type <10,000 <14,890 


Source: Bothamley, M. “Gas-Liquid Separators—Quantifying 
Separation Performance,” Part 1. SPE Oil and Gas Facilities, August 
22, 2013, 29 [7]. 


The main functions/criteria for the separation of the phases 
in the vessel are to 


e Provide a disengaging space for the two phases. 


e Provide sufficient holdup of liquid to maintain stable operations in 
downstream equipment. 


e Reduce the gas velocity sufficiently to allow any entrainroed liquid 
droplets to disengage from the gas and be collected. 


e Reduce the entrainment of gas/vapor into the liquid. 


e Allow sufficient time and volume for two (immiscible) liquid phases to 
separate based on density difference. 


23.2.2 Design of Vertical V-L Separators 


23.2.2.1 Basic Vessel Geometry 


One of the basic concerns in designing a V-L separator is the 
location of the liquid level alarms. Figure 23.5 illustrates the 
typical locations and spacing between alarm points and the 
relative location of nozzles and mist eliminator pads for 
vertically oriented vessels. The terms LLAL and HHAL used in 
Figure 23.5 stand for low-low alarm level and high-high alarm 
level, respectively. The difference between these two values 
represents the span of the level instrument. The normal high 
and low alarms (HAL and LAL) are usually set to be 90% and 
10% of the span, respectively. The height of the liquid, z, and the 
vessel diameter, Dyes, are related to the desired holdup time of 
liquid, tı-n, and the volumetric flowrate of liquid into the vessel, 
Vl. 


(a) (b) 


>j i4 D3 > +D; 
arger of 0.15 Dyes or 0.15 m 


Upper tangent line Upper tangent line [] 
l pi $ ‘ 


arse = Typically 0.1 m (4-inch) 


—Larger of 0.45D,,., or 0.9 m 


Larger of 0.7D,., or 0.9 m 
Demister 
=" Di pad 


r Larger of 0.3D,., or 0.3m 


LLAL - MA 
z ma pO? m 
5 Lower tangent line 


Figure 23.5 Basic Dimensions of a Vertical Vapor-Liquid 
Separator: (a) Without Mist Eliminator Pad, (b) With Mist 
Eliminator Pad (Recommended Values from the BN-EG- 
UE109 Guide for Vessel Sizing [5] are Shown in Terms of a 
Fraction of the Vessel Diameter or an Actual Minimum 
Length) 


ipe = (23.8) 


Typical values for liquid holdup in vessels are given in Table 
23.9. Once the value of z has been determined using Equation 
(23.8) and the holdup time is known, the locations of the HHAL 
and LLAL can be set. It should be noted that the actual holdup 
of liquid in the vessel is somewhat greater than the value 
calculated from Equation (23.8), because the volume of liquid 
contained between the LLAL and lower tangent line and in the 
curved head at the bottom of the vessel (end section) add to the 
true liquid holdup. Since operation below the LLAL occurs 
under undesirable (emergency) conditions, the use of Equation 
(23.8) gives a reasonable and somewhat conservative estimate. 


Table 23.9 Recommended Liquid Holdup Times for 
Vapor-Liquid Separators for Different Process 


Functions 

Downstream Equipment/Process Function Holdup Time, t-n (min) 
| Distillation tower/column 10 | 
| Reactor 15 | 
| Heater/furnace 30 | 
| Compressor knockout drum 10 | 
| Condensate flash drum 5 | 
| Reflux drum 5 | 


Source: From Couper, J. R., W. R. Penney, J. R. Fair, and S. M. Walas. 
Chemical Process Equipment: Selection and Design, 3rd ed. 
(Waltham, MA: Butterworth-Heinemann, 2012) [8]. 


In determining the aspect ratio of a vessel (length-to- 
diameter ratio), the recommended minimum values are given 
for process vessels in Table 23.10. The values given in Table 
23.10 should be used only after the vessel has been designed by 
considering the liquid holdup and gas velocity criteria, which is 
covered in this and subsequent sections. Often, these design 
procedures will determine the L/D,,, ratio, but consultation 
with Table 23.10 is recommended after the vessel design has 
been completed. 


Table 23.10 Recommended L/Dyes as a Function of 
Vessel Design Pressure 


Vessel Design Pressure (bar) L/Dves 


| <18 22.5 | 


| 18-36 3.0-4.0 | 


>36 4.0—-6.0 


Source: From Red-Bag. n.d. BN-EG-UE109 Guide for Vessel Sizing. 
http://red-bag.com/engineering-guides/249-bn-eg-ue109-guide-for- 
vessel-sizing.html [5]. 


23.2.2.2 Estimation of Gas or Vapor Velocity—Determination of 
Vessel Diameter 

The determination of the vessel diameter is, in part, based on 
reducing the gas velocity to a level whereby sufficient 
deentrainment of liquid drops occurs. Referring to Section 
19.4.1 in Chapter 19, the terminal velocity for a (spherical) 
liquid droplet is given by Equation (19.45): 


. 18 0.591 
w = | — > 4+ — Se 


2 t 0.5 
(DF (D) 
(19.45) 


where 


My (Pi—P; 


, 11⁄3 
Uš = Uy és 5| and D* = Daph ee 


and subscripts / and g refer to liquid and gas, respectively. 

Typical values of the terminal velocity of water drops in air 
(at ambient conditions) calculated using Equation (1.45) are 
given in Table 23.11. 


Table 23.11 Terminal Velocity of Water Droplets in 
Air at Ambient Conditions, Using Equation (19.45) 


| Droplet Size (microns, um) Terminal Velocity (m/s) | 
| 1000 4.168 | 
| 500 2.354 | 
| 200 0.776 | 
| 100 0.252 | 
| 50 0.071 | 
| 20 0.012 | 
10 0.003 


A reasonable criterion for choosing a vessel diameter would 
be to aim to remove droplets larger than some value from the 
gas via gravity settling using the appropriate equation for 
terminal velocity in Chapter 19. The choice of droplet size 
should lead to reasonable gas velocities (not too low) and 


reasonable vessel diameters (not too large). The typical drop 
size used for vessel sizing is 100 um (100 x 10 °mor ~0.004 
in), and for droplets of this size, the Reynolds number is in the 
Stokes regime and the drag coefficient, Cp, is given by 24/Re, 
which gives rise to an analytical expression for terminal 
velocity: 


Deyn (Pt — Pa) 9 


= 23.9 
Ut 1811, ( ) 


By setting Dspn equal to 100 um, Equation (23.9) can be used 
to determine the appropriate vessel diameter by equating the 
velocity in the vessel with the terminal velocity of 100 um 
droplets: 


a Domn (Pi — po)g 
3 nD2es ' 18ug 
ee 120g bg Joe Soy Cale e Ha lea lme 2s) 
. ves ~— a p} 
™Diyn (Pt — Po) 9 (Pi — Po) [k9/ m*| 


(23.10) 


where ù; is the volumetric flowrate of gas in the vessel and Depp 
is set to 100 um. 


Example 23.2 


A vertical vessel is to be designed to remove water drops 
from air prior to a blower. The vessel operates at 2 bar 
pressure and 50°C. Determine the appropriate vessel 
diameter to remove 100 um water droplets and the 
corresponding velocity of air in the vessel. 

Data: p; = 1000 kg/m®, pg = 2.156 kg/m’, uyg = 19.62 x 
10." kg/m/s, mass flowrate of vapor = 30,000 kg/h — ùg 
= (30,000)/(2.156)/(3600) = 3.865 m/s. 


Solution 


From Equation (23.10), 


Ù 
EA ee: 
(pı = Pg) 
(3.865) (19.62 x 10~°) 
300; ———— AD IB 
(1000 — 2.156) 
4ù 4) (3.865 
— LOSES) = 0.2766m/s 


Ug = —— 
mDees  n(4.218)? 


Example 23.3 


A vertical V-L separator is used to disengage benzene and 


toluene from a fuel gas stream at 24 bar pressure. 
Determine the diameter of the vessel required to ensure 
that no liquid droplets greater than 100 um are entrained 
in the vapor stream and the corresponding gas velocity in 
the vessel. 

Data: p; = 848.5 kg/m®, pg = 7.8839 kg/m®, ug = 5.05 x 
io” kg/m/s, mass flowrate of vapor = 19,773 kg/h — ùg 
= (19,773)/(7-8839)/(3600) = 0.6967 m/s. 


Solution 


From Equation (23.10), 


0 
Does ='15; 300, — 2? — = 15; 
(p1 — Pg) 
0.6967) (5.05 x 107° 
(0.6967) (5.05 x 10°) = 0.990m 


(848.5 — 7.8839) 


4ù 4) (0.6967 
ug = — = Ae = 0.9051m/s 
T Dies (0.990) 


Use of Equation (23.10) is a reasonable approach to vessel 
sizing and is recommended for vertical vessels. It should be 
noted that the flow patterns for both liquid and vapor in V-L 
separators may be quite complex and that a size distribution of 
liquid drops with a distribution of velocities will exist in the 
vessel above the feed inlet. The actual distribution of liquid 
drops entrained in and leaving with the vapor or gas stream 
most likely will contain drops both smaller and larger than 100 
um even if Equation (23.10) has been used. Computational fluid 
dynamics (CFD) software, when used correctly, may be able to 
give better predictions of the size distribution of liquid drops 
leaving in the gas phase, and such programs are used by 
equipment manufacturers. 


23.2.3 Design of Horizontal V-L Separators 


When large liquid slugs may be present in the feed or for other 
reasons given in Table 23.6, the preferred orientation of the V-L 
separator is horizontal. 


23.2.3.1 Basic Vessel Geometry 


Figure 23.6 shows the basic configuration and recommended 
dimensions for a horizontal V-L separator. 


min =0.3 m 
(use 0.6 m if mist eliminator is used) 


Impingement baffle Tangent line 


(splash plate) 


Area for gas 
flow =A, 


es - 
bi 5 S Liquid - vapor 
à ( interface 


Optional boot for collecting water or heavy liquid 
(flow of heavy liquid < 20% of total liquid) 


Figure 23.6 Basic Dimensions of a Horizontal Vapor-Liquid 
Separator. Recommended Values Are Shown in Terms of a 
Fraction of the Vessel Diameter or an Actual Length (From 

Red-Bag. n.d. BN-EG-UE109 Guide for Vessel Sizing, 
http://red-bag.com/engineering-guides/249-bn-eg-ue109- 
guide-for-vessel-sizing.html [5]) 


23.2.3.2 Estimation of Gas or Vapor Velocity—Determination of 
Vessel Diameter 


It should be noted that for horizontal vessels, the cross- 
sectional area for gas flow is a function of the liquid level. The 
cross-sectional area (A,) above the liquid level (z) is given by 


2 
— Dies 


A, 
8 


[27 — 0 — sin 6] (23.11) 


and 


z= Pues (1 — cos 51) (23.12) 


where 0 is shown in Figure 23.6 and is measured in radians. 

The area through which the disengaged gas flows is A,; thus, 
the velocity of the gas above the liquid is uy = ùg / Az. The 
determination of the maximum size of droplets that will be 
entrained in the gas is more difficult to determine than for 
vertically oriented vessels, and one criterion that can be used is 
to limit the maximum vapor velocity, Ug max using the following 
relationship: 


Pl — Pg 


23.13 
a (23.13) 


Ug.max = ksp 


Equation (23.13) is known as the Souders-Brown equation, 
and the Souders-Brown parameter ksg for a horizontal drum 
without a mist eliminator can be taken as 0.08 m/s. 


Example 23.4 


Consider a horizontal drum used to separate a V-L 
mixture. The HHAL of the liquid is set at 0.8 Dyes and the 
vapor and liquid properties are: 

pi = 1000 kg/m’, py = 2.156 kg/m’, ug = 19.62 x 10 ° 
kg/m/s, ùg = 3-865 m°/s. 


Determine the diameter of the drum, Dyes. 


Solution 


From Equation (23.12) and using operation at HHAL as 
the limiting design condition, 


Dres 0 0 _ 
Z=U8D jo, = 5 (1 — cos l) = cos $] = 


—0.6 = 0 = 4.4286rad 


From Equation (23.11), 


Dees 
A, = — (2a — 8 — sin 9] 


D} 
= — [2m — 4.4286 — sin (4.4286)] = 0.3518 Dies 


and Equation (23.13) yields 


Pl — Py 1000 — 2.156 
max = k ERE A 
EE R ae 2.156 


= 1.721m/s 


Setting Ug max = Ug gives 


i, 3.865 


eh 79 linea = — 
ae aa A; 0.3518D2., 


> Dres = e = 2.527m 
(0.3518) (1.721) 


The distance between liquid surface and top of vessel = 
0.2Dyes = 0.505 m > 0.3 m, which is the minimum from 
Figure 23.6, so the design is acceptable. 


An estimate of the maximum size of droplets to escape with 
the gas in Example 23.4 can be made if the length of the vessel 
is known. This technique is illustrated in the following two 
examples. 


Example 23.5 


Using the result from Example 23.4 and assuming a 10- 
minute holdup time for the liquid and a liquid flowrate of 
35 m/h, determine the length of the vessel. 


Solution 


Assume that the LLAH is located at 0.2 m above the 
bottom of the vessel and that the normal operating level 
(NOL) is halfway between the HHAL and LLAL. The 
NOL and LLAH are illustrated in Figure E23.5 and the 
holdup time is based on the NOL. 


Z = [(0.8)(2.527) - 0.2/2 +0.2= 1.111 m 


Figure E23.5 Cross-Sectional View of Horizontal 
Vessel 


The area contained between z; and z» in Figure E23.5 


is 
De; 
Alip = —, (A — sin 0, — 09 + sin 62) 
where 
Dye 0 0 
zı = 1.111 = 5 (1 — cos FI) => cos B =1 
2) (1.111 
— wey => 6, = 2.900rad 
(2.527) 
and 


Dyes b2 b2 
= 0.2 = = poe ey ESS 
Z2 0 (1 Cos | D => COS | | 1 


_ 2)(0.2) 


Ak Patil eed 
(2.527) >? a 


(2.527)? 


Alig a 8 


[2.9 — sin (2.9) — 1.141 + sin (1.141)] 
= 1.939m? 


If L is the distance between the tangent lines (the length 
of the vessel ignoring the end sections), then 


tnt, __ (10)(35/60) 


et = ay = 3-009m 


L Atq = t-pùı => L = 
and 


L/ Dyes = 3.009/2. 527 = 1.191 


From Table 23.10, the minimum L/D is 2.5 for this low- 
pressure service, so use L = (2.5)(2.527) = 6.32 m. 


Example 23.6 


Using the results from Examples 23.4 and 23.5, estimate 
the maximum size of droplet that will be entrained with 
the gas stream assuming that the liquid level is at the 
NOL. A diagram of the vessel is shown in Figure E23.6. 


Trajectory of 
falling droplet 


(2.527 — 1.111) = 1.416 m 
NOL 
1.111 m 


Figure E23.6 Vessel sketch with dimensions 


Solution 


As droplets of liquid fall under the influence of gravity, 
they are swept along the length of the vessel by the gas. 
Assume that the distance between the inlet and outlet 
nozzles is ~L = 6.32 m, and for this liquid level, ug = 
1.256 m/s. The maximum time that a droplet can remain 
in the vapor before it is swept out of the vapor exit is 
L/ug = 6.32/1.256 = 5.03 s. In the worst case, for a 
droplet not to be swept out with the gas, it must travel a 
vertical distance of 1.416 m in 5.03 s. Thus, the critical 
droplet size, Dsph-crit is one that has a terminal velocity 
of 1.416/5.03 = 0.2815 m/s. Using Equation (23.9), with 
ut = 0.2815 m/s and the data in Examples 23.4 and 23.5, 


18u Hg 
(pı = Pg) g 


(18) (0.2815) (19.62 x 10°) 
= | — = = 100.8um 
(1000 — 2.156) (9.81) 


23.2.4 Mist Eliminators and Other Internals 


D sph—crit = 


Mist eliminators serve the purpose of removing droplets 
entrained or carried up with the vapor before leaving the top of 
the V-L separator. These devices are incorporated in the design 
for two main reasons. The first reason is to reduce the size of 
droplets carried out with the gas. This is especially important 
when the elimination of large droplets entrained in the gas 
stream is a critical process function, for example, with 
compressor knockout drums. The second reason is to reduce the 
overall size of the vessel by allowing higher gas velocities than 
those calculated from Equation (23.9) and yet still removing 
droplets smaller than 100 um. 

Two basic designs for mist eliminators are shown in Figure 
23.7. The basic principle behind both types of device is that 
liquid droplets have higher momentum than the entraining gas 
and tend to deposit on surfaces placed in their path, whereas 
the gas simply moves around the surface or obstacle. The 
smaller the liquid droplet, the more it can maneuver around 


obstacles and the more it behaves like the carrier gas. Thus, the 
smaller the droplets that must be removed, the thicker and/or 
more surface area (smaller wire diameter) the mist eliminator 
pad area must have. In the top sketch of Figure 23.7, a mist 
eliminator pad is shown that is comprised of a woven/knitted 
mesh of material (metal or fabric) that has a high surface area 
but relatively low bulk density. This pad is held in position (at 
the top of the vessel) by two grid supports that both have a very 
high open area and hence have very low frictional resistance to 
the fluid flow. The fine liquid drops impinge on the mesh 
material and coalesce to form larger drops that eventually 
detach and fall downward via gravity through the upward- 
moving fluid. Mist eliminator pads are very effective in 
removing small liquid drops down to 10 um in diameter and 
smaller but do not handle sticky liquids or solids that may plug 
the wire mesh. In addition, when the gas has a high liquid 
content, reentrainment of coalesced drops may be problematic 
for mist eliminators. 

Small liquid drops captured 


by mesh, coalesce, and fall 
down as large drops 
/ 


Upper grid support 
(high open area) 


a a = eee 
~~ (knitted mesh) 


Lower grid support 
(high open area) 
(a) 


coalesce, flow through slots, and 
move down in separate channel 


Liquid flowing down 


(b) 


Figure 23.7 Example of (a) a Mist Eliminator Pad and (b) a 
Vane-Type Mist Eliminator 


In Figure 23.7(b), a typical vane-type mist eliminator is 
shown in which the V-L flow is sent through an array of zig-zag 
channels. Again, the small drops tend to impact the channel 
walls and form beads on the surface. These beads will coalesce 
and form bigger drops and start to run down the sides of the 
channels. Some designs incorporate openings that isolate the 
liquid from the gas and allow the liquid to flow downward in 
separate channels (as shown in Figure 23.7). Various 


configurations are available, and each manufacturer has designs 
with specific features to promote better separation, reduce the 
chances of liquid reentrainment, and reduce overall pressure 
loss in the device. Both types of device (wire mesh and vane 
type) can be located vertically or horizontally depending on the 
flow situation. Some typical configurations are shown in Figure 
23.8. 


Figure 23.8 Examples of Typical Configurations for Mist 
Eliminators 


23.2.4.1 Flooding in Mist Eliminators 


Just as in packed and tray towers, the maximum velocity 
through a V-L separator containing a mist eliminator is limited 
by flooding. There are two common approaches to determine 
the design velocity of gas through a mist eliminator, which are 
discussed in the following sections. 


Souders-Brown Equation 


To determine the maximum velocity through a mist eliminator, 
the Souders-Brown (S-B) equation, Equation (23.13), with 
appropriate values of ksg for a specific mist eliminator type and 
conditions of the gas and liquid, may be used. The maximum 
velocity is set at the flooding limit of the mist eliminator, and 
the design velocity is usually set at between 70% and 80% of the 
maximum value. Table 23.12 gives typical values for kgg taken 
from manufacturers’ literature. In using the S-B approach, there 
is no direct consideration of the amount of liquid being 


removed. Instead, by using a value of 70% to 80% of the 
maximum vapor velocity, it is assumed that flooding is avoided. 
A more rigorous approach is to check the flooding condition and 
then adjust the diameter to be at 70% to 80% of flooding. This 
approach is discussed next. 


Table 23.12 Values for kSB for Mist Eliminators to be 
Used in Equation (23.13) 


Manufacturer/Product ksp 
Koch-Glitsch m/s ft/s 

| Demister®, style 421 0.11 0.361 

| Demister, style 709 0.13 0.427 

| Demister, style 931 0.102 0.335 

| Demister, style 708 0.12 0.394 

| Horizontal flow vane type, style 250 0.35 1.15 

| Vertical flow vane type, style 350 0.35 1.15 

| ACS Separations 

Mist eliminator, horizontal, style 4CA 0.107 0.35 
pad 

Mist eliminator, style 4CA 0.128 0.42 
MisterMesh” pad 

| Vane type, Horizontal Plate-Pak™ 0.152 0.50 

| Vane type, Vertical Plate-Pak™ 0.198 0.65 


Source: From Koch-Glitsch. 2015. Mist Elimination Liquid- 
Liquid Coalescing [product catalog], Bulletin MELLC-02, Rev. 
3. www.koch- 
glitsch.com/Document%20Library/ME_ProductCatalog.pdf 
[11]; ACS Industries. 2004. The Engineered Mist Eliminator, 
ACS Separations and Mass-Transfer Products. 
http://amacs.com/wp-content/uploads/2012/09/Mist- 
Elimination.pdf [12]. 


Flooding Curve 


The second approach to finding the design condition for a mist 
eliminator is to determine the flooding point for a given set of 
process conditions and then to design the throughput for 
between 70% and 80% of flooding. This is similar to the method 
presented in Chapter 21 for determining the diameter of a tray 
or packed tower. A standardized flooding curve for two types of 


knitted wire mesh mist eliminators using data for water and 
ethylene glycol are given by Bürkholz [9]. These data are 
replotted and shown as Figure 23.9. Table 23.13 gives the 
physical properties of wire mesh mist eliminators from 
technical literature from Rhodius [10]. 


Polypropylene 70 400 235 0.923 


1.0 
08 
0.6 
2 04 
= fx 
Q w 
Ao al 
3 
u 02 
> 
% Flooding 
100 
0.1 
90 
0.08 
i 80 
0.06 
70 
0.0001 
L fr 
X= G Vo, 
Figure 23.9 Flooding Curve for Knitted Wire Mesh 
Separators Where G and L Are the Mass Flow Rates of Gas 
and Liquid, Respectively (From Bürkholz, A. Droplet 
Separation. [New York: VCH Publishers, 1989] [9]) 
Table 23.13 Physical Properties of Mesh Droplet 
Separators from Rhodius*[10] 
Specific 
Wire Surface Porosity 
Density Diameter, Area (a) (Voidage, 
2 
Material (kg/im*) Dwire (um) (m Im’) £) (-) 
| Stainless steel 80 280 145 0.990 
| Stainless steel 110 280 200 0.986 
| Stainless steel 130 280 236 0.983 
| Stainless steel 145 280 265 0.981 
| Stainless steel 175 280 320 0.978 
| Stainless steel 192 280 350 0.975 
| Stainless steel 240 280 435 0.970 
| Stainless steel 240 140 868 0.970 
| Stainless steel 432 120 1835 0.945 
| Polypropylene 50 400 170 0.945 


Polypropylene 100 400 335 0.890 | 


| 
| Polypropylene 100 220 610 0.890 | 


*Standard thicknesses are 25, 50, 75, 100, 150, and 200 mm. 


Example 23.7 


Estimate the diameter of a vertical V-L separator 
containing a 4-in (100 mm) thick wire mesh mist 
eliminator. The properties of the gas and liquid are 


pı = 870 kg/m, pg = 9.41 kg/m, oy = 7.32 m°/s, 0) = 
1.553 m/min = 0.02588 m?/s, u; = 0.0019 kg/m/s. 
Consider a mist eliminator with a ksg = 0.11 m/s that has 
a specific surface area, a = 300 m?/m?, and a porosity, £ 
= 0.98. 


Solution 


First use the Souders-Brown approach, and then check 
for the flooding condition. 
From Equation (23.13), 


Pl — Py (870 — 9.41) 
es Te = 0114| — 
a (9.41) 


= 1.052m/s 


So using a gas velocity of 80% Ug max = 0.842 m/s, 


E EE E ks i o 
Ane 3 S TUg m (0.842) 
= 3.327m 


Determine the X and Y parameters used in Figure 23.9: 


L 0.02588) (870 9.41 
y= £ [Pe _ (0.02588) (870) /(941) 0.034 
Pl 


a (7.32) (9.41) \ (870) 
ee uzapg u}? — (0.842)? (300) (9.41) (0.0019) 
ge" pi (9.81) (0.98)? (870) 
= 0.0712 


The X and Y values in Figure 23.9 indicate operation at 
about 72% of flooding, which is acceptable. The diameter 
could be reduced a little to bring operation closer to 80% 
flooding. For 80% flooding, the diameter would be 
reduced to ~3.06 m (Y = 0.1, Ug = 0.998 m/s, and Dyes = 
3.06 m). 


23.2.4.2 Droplet Distribution and Separation Efficiency from Mist 
Eliminators 

As stated previously, the purpose of a mist eliminator is to 
reduce the amount and size of liquid drops leaving with the gas 
stream from the top of the V-L separator. In the case of 
knockout drums placed upstream of a compressor, the size 
distribution of the liquid drops is critical, since large drops 
entering a compressor may lead to excessive vibration of 
moving parts and premature failure. According to Barringer 
[13], a knockout drum placed upstream of a compressor must 
be capable of removing 99% of all droplets (and solid particles) 
greater than 3 to 5 um. Barringer also presents a figure that 
shows the compressor life (presumably the time required 
between extensive maintenance/overhauls) as a function of the 
size of drops/particles in the inlet. Data shown in Table 23.14 
were taken from this figure. 


Table 23.14 Compressor Life as a Function of 
Droplet/Particle Size in Inlet 


Particle/Droplet Size (um) Approximate Compressor Life (days) 


| 1000 14 | 
| 50 28 | 
| 10 1x10 | 
oo me 
| 2 1x 10° | 


Source: Data from Barringer, P., 2013. “Compressors and Silent Root 
Causes for Failure.” http://www.barringer1.com/deco8prb.htm [13]. 


The determination of the droplet size distribution leaving a 
mist eliminator is a complex calculation that depends on the 
approach gas velocity, physical characteristics of the device, and 
the distribution of droplets in the approaching gas. The term nf 
is used to determine the efficiency of separation of a device and 
is defined as 


dropletsretainedindeviceof sizeD, 
droplets fedtothedeviceof sizeD, 
(23.14) 


nf = 


To characterize the flow and separation within the device, 
the following three dimensionless variables are used: 


Euler number Eu = 42 


pug 
P D ire WÙ 
Reynolds number Re = aS 
g 
pitty D? 
Stokes number Stk = #2 
Hg Duwire 


where D,yire is the diameter of the wire (for a mesh-type mist 
eliminator or the characteristic length for the device), Dy is the 
droplet diameter, and AP is the pressure drop across the device. 

In representing the efficiency of separation, it is convenient 
to combine these three parameters into a single one, namely, an 
inertial separation parameter, W, where 


Y = 0.25Re!/ Eu?’ Stk (23.15) 


For knitted wire meshes, Saemundsson [14] gives the 
following correlation for determining the pressure drop through 
a length of mesh, Lmesh: 


L Ug \? 
AP = 2fp, -= (=) (23.16) 


where Dy is the hydraulic diameter Dy = D wire, € is the 


€ 
(1-e) 
porosity of the mesh (see Table 23.13 for some typical values), 
and fis an equivalent friction factor given by Equation (23.17): 


771.2 = 1.86P 1 2.72 — 0.0038P 


Reuse Re, 
(23.17) 
% a Ug Dwire Pg 
where P is the pressure in bar and Rewire = a 
g 


Finally, the information in Equations (23.14) through (23.17) 
can be combined to give the following correlation attributed to 
Bürkholz [9]: 


Nn =z (1 - en) (23.18) 


where x = 0.003W. 
This relationship is shown in Figure 23.10. 


Fractional Collection Effciency, n, 


Separation Parameter, x = 0.0032 


Figure 23.10 Fractional Separation Efficiency as a Function 
of Separation Parameter x (From Birkholz, A. Droplet 
Separation [New York: VCH Publishers, 1989] [9]) 


Example 23.8 illustrates the use of Equations (23.14) 
through (23.18). 


Example 23.8 


Determine the pressure drop in the mist eliminator 
designed in Example 23.7. Using this result, do the 
following: 


1. Determine the fraction of 4 um particles that are captured in the 
device at the design flowrate. Would this design be suitable for a 
knockout drum upstream of a compressor? 

2. Repeat Part (a) for an 8-in (200 mm) thick mesh pad. Would this 
design be suitable for a knockout drum upstream of a 
compressor? 


Solution 


1. From Example 23.7, 


pi = 870 kg/m”, pg = 9.41 kg/m”, Ùg= 7.32 m/s, 0] = 0.002588 
m/s, LI = 0.0019 kg/m/s, Hg = 23 x 10° kg/m/s, a = 300 m /m’, 
and £ = 0.98, ug = 0.842 m/s, Dwire = 280 um, Dp = 4 um, L = 100 

mm, P = 7 bar 


Dy = 5 Dwire = — (280 x 10-°) = 13,720 x 106m 


(1—e) (1—0.98) 
as ugDwirepg (0.842) (280x1076) (9.41) _ 
Rewire = Ekg = (0.98) (23x10) Heras 


From Equation (23.17), 


_ T1.2-1.56P | 2.72—0.0038P _ 771.2 — 1.56 (7) 


Rewire Ree? 98.43 
2.72 — 0.0038 (7) 
98.43°? 


f 


= 7.72 + 1.08 = 8.80 


From Equation (23.16), 


AP = 2fp,~ met (>) 


Dy E 
0.10) /0.842\? 
= (2) (8.80) (9.41) aan (SS) = 891.1Pa 
Using the definitions, 
Bu = 42 = —S) _ _ 133.6 
pau? (9.41) (0.842)? 
Re = PgDwiretg = (9.41) (280x 10-6) (0.842) — 96.46 


Mg (23x107) 
prugD?  (870)(0.842) (4x 10-6)” 
HgDwire (23x 10-6) (280x1076) 


Stk= = 1.82 


From Equation (23.15), 


W = 0. 25Re!/’ Eu?’ Stk= (0.25) (96.46)'/? (133.6)? (1.82) 
= 54.5 


From Equation (23.18), 


æ = 0.003% = (0.003) (54.5) = 8.92 
np = æ (1 — e™t/®) = (8.92) (1 — e7182) = 0.946 


The criterion for compressor knockout drums is nf > 0.99, so the 
current design is unsuitable. 


2. If Lmesh increases to 200 mm, then AP = (2)(891.1) = 1782.2 Pa 
and Eu = 267.1; all other parameters remain unchanged. 


Thus, from Equation (23.15), 


Y = 0. 25 Re"? Eu? Stk 
= (0. 25) (96. 46)" (267. 1)?/ (1.82) = 86. 54andz = 22. 47 


ng = æ (1 — e"? ) = (22.47) (1 — 1/24) = 0.978 


So again, this design is not feasible for a compressor knockout 
drum. In fact, Barringer [13] recommends a multilevel approach 
that may include a variety of staged separation devices, including 
coalescing filters to condition the gas feed upstream of 
compressors. 


23.2.5 Liquid-Liquid (L-L) Separation 

When two immiscible liquids are mixed together, they form a 
mixture in which one liquid (most often the one with the lower 
volume) forms droplets (dispersed phase) in the other liquid 
(continuous phase). The effective separation of two immiscible 
liquids (phases) is strongly dependent on the following three 
factors: 


e Size distribution of the droplets of the dispersed phase 
e Relative density difference between the two phases 


e Viscosity of the continuous fluid 


In certain cases, the dispersed phase can be quite stable, due 
to surface forces, and the resulting emulsion will not settle 
substantially over prolonged periods due to the effects of 
gravity, such as in latex paints. In such cases, the separation or 
“breaking” of this emulsion can be very difficult. In this chapter, 
techniques for separating the two liquid phases based on gravity 


settling are considered. Centrifugal, electrostatic, and chemical 
methods are not considered here but are covered in standard 
handbooks of chemical engineering. 


23.2.5.1 Size Distribution of Dispersed Phase 


The range of expected droplet sizes for different mechanical, 
heat transfer, and reaction processes are given by Cusack [15]. 
These data are shown in Figure 23.11. 
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Figure 23.11 Typical Drop Size Distributions from 
operations producing or processing liquid-liquid mixtures 
(From Cusack, R. “Rethink Your Liquid-Liquid Separations.” 
Hydrocarb Process. 88(6) (2009): 53—60 [15]) 


In general, the wider the size distribution of drops, the more 
difficult is the separation. In addition, the smaller the droplets, 
the more difficult they are to coalesce and separate. Thus, 
looking at Figure 23.11, a two-liquid-phase stream having 
passed through a static mixer will be easier to separate than one 
having passed through a centrifugal pump or a two-liquid-phase 
stream generated by homogenous condensation from a bulk 
phase. 


23.2.5.2 Relative Density Difference between the Two Phases 


For small particles, Stokes law settling will govern the gravity 
separation of the dispersed drops of liquid. Equation (23.9) can 
be written for L-L systems as 


D2, (Pù — Ph) g 
sph af 2 
a 23.19 
181-c Ca 


where subscripts l, and l, refer to the two liquids and I-c refers 
to the continuous liquid phase. For comparison purposes, Table 
23.15 shows the terminal velocities for dispersed water drops in 
a continuous phase of oil (uz-e = 0.001 kg/m/s and p; = 850 
kg/m*) compared to the results given previously in Table 23.11 
for water drops in air. The results in Table 23.15 are generated 
using Equation (1.45), although the results using Equation 
(23.19) for drops 100 um and smaller are virtually identical. 


Table 23.15 Terminal Velocities for Water Drops in 
Air and Oil (p1 = 850 kg/m?) 


Droplet Size Terminal Velocity in Air Terminal Velocity in Oil 
(microns, um) (m/s) (m/s) 


1000 4.168 0.0818 


| 500 2.354 0.0204 | 

| 200 0.776 0.0033 | 

| 100 0.252 8.18 x10 * | 

| 50 0.071 2.04 x10 | | 

| 20 0.012 3.27x10° | 
10 0.003 8.18x10° 


It can be seen that the settling or terminal velocities of water 
drops in oil are several orders of magnitude smaller than those 
in air. This result poses additional constraints in the design of 
L-L settling equipment and suggests that, except for cases when 
the dispersed phase exists only as large drops, the distance that 
droplets must travel to become separated must be decreased 
significantly compared with L-V separators, and the addition of 
coalescing steps may be required. 


23.2.5.3 Viscosity of the Continuous Fluid 


The effect of the viscosity of the continuous phase is illustrated 
in Table 23.16 where the results for terminal velocities of falling 
water drops in oils with different viscosities are given. 


Table 23.16 Comparison of Terminal Velocities of 
Water Droplets in Oils with Different Viscosities 


Droplet Size Terminal Velocity in Oil (u, Terminal Velocity in Oil (u. 


(microns, ym) ¿= 0.001 kg/m/s) (m/s) c = 0.01 kg/m/s) (m/s) 
| 1000 0.0818 7.26x10° | 
| 500 0.0204 1.96 x10 ° | 
| 200 0.0033 3.23 x10 4 | 
-4 -5 
| 100 8.18 x 10 8.14 x 10 | 
50 2.04 x 10 2.04 x 10 
20 3.27 x 10 3.30x 10 
| 10 8.18 x10 ° 8.18 x10 7 | 


Clearly, the higher the viscosity of the continuous phase, the 
lower is the terminal velocity of a given drop size and the more 
difficult is the separation. The simplest way to decrease the 


viscosity of the continuous phase is to increase the temperature, 
but this may lead to increased mutual solubility of the phases, 
which is counterproductive to the separation. 


23.2.5.4 Design of L-L Gravity Settling and Coalescence 
Equipment 

L-L separation is usually achieved in a horizontal vessel. For L- 
L-V separators, vertically oriented vessels may be employed, but 
horizontal vessels are usually preferred when significant 
degassing of the liquid is required due to the typically longer 
liquid residence times in horizontal vessels. Because the 
terminal velocities of even moderately sized droplets are small, 
some form of separating device is usually incorporated into the 
design. A diagram of a parallel plate separator is shown in 
Figure 23.12. In such a device, the two-phase liquid is forced to 
flow through a series of narrowly spaced, parallel channels, 
which according to Cusack [15] leads to two advantages: 


Two-phase liquid flow 


(a) 
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Figure 23.12 Principles of Gravity Settling Equipment: (a) 
Parallel Plate Settlers, (b) Corrugated Plate Settlers 


e Decreases the effective diameter for flow and reduces the Reynolds 
number and associated turbulence in the continuous phase 


e Decreases the distance drops need to travel (z) in order to settle on to a 
surface and coalesce 


When the effects of gravity settling are not sufficient to give 
an effective separation, then it is necessary to place surfaces 
normal to the flow that will allow drops to impact these surfaces 
and enhance separation via coalescence. These surfaces can take 
many forms, from corrugated metal channels running normal to 
the flow to wire meshes and other types of high surface area 
media placed in the flow path. In general, the following criteria, 
from Cusack [15], enhance separation via coalescence: 


e Usea higher droplet (continuous phase) velocity, which promotes higher 
drop impact efficiency. 


e Reduce the drag force on droplets of the discontinuous phase by lowering 
the continuous phase viscosity. This is usually done by increasing 
temperature, but this, as mentioned previously, may increase mutual 
solubility of dispersed and continuous phases. 


e Decrease the target diameter (diameter of wires in mesh), which allows 
smaller drops to be separated. 


e Increase length or depth of the target device (depth in the direction of 
continuous phase flow), which provides greater surface area for collection 
and increases the number of potential impacts with dispersed phase. 
However, the pressure drop will increase as depth increases. 


e Use appropriate materials for the target device that wet the dispersed 
phase. For example, use hydrophilic (fiberglass or stainless steel) material 
for aqueous drops in an oil phase and oleophilic or oil-loving materials 
(many polymers) for separating oil drops from an aqueous phase. 


23.2.5.5 Typical Layouts for L-L Separators 


Some typical arrangements for L-L separators are shown in 
Figure 23.13. Referring to this figure, feed enters on the left- 
hand side of the vessel through a slotted pipe or similar 
distributor that is pointed toward the upstream elliptical head. 
A liquid distributor plate consisting of a disk with holes, similar 
to a sieve tray, is placed near the feed end of the vessel, and this 
plate acts to distribute the liquid and suppresses any wavelike 
motions that may result from a surge of liquid in the feed. The 
two-phase liquid mixture passes through the distributor plate 
and, depending on the size of the droplets in the dispersed 
phase, either passes directly through a gravity separator, such 
as a parallel or corrugated plate device, or passes through a 
series of coalescers and gravity separators. In Figure 23.13(a), 
the situation shown is for a relatively narrow size distribution of 
large droplet sizes of dispersed phase where only a single gravity 
settling stage is required. Upon leaving the parallel plate device, 
the heavy (continuous phase) and light (dispersed phase) 
separate easily and an L-L interface forms. The light phase rises 
to the top of the vessel and exits from the upper nozzle, while 
the heavy phase leaves from the lower nozzle. The location of 
the L-L interface is controlled by manipulating the flows of 
continuous phase from the vessel. The optimal location of the 
interface is found through trial and error. 
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Figure 23.13 Typical Arrangements for Horizontal Liquid- 
Liquid (L-L) and Liquid-Liquid-Vapor (L-L-V) Separators: (a) 
L-L Separator for Large Drops, (b) L-L Separator for Smaller 

Drops Requiring Coalescence, (c) L-L-V Separator (Adapted 
with Permission from Cusack, R. “Rethink Your Liquid-Liquid 
Separations.” Hydrocarb Process. 88(6) (2009): 53—60 [15]) 


In Figure 23.13(b), a situation is shown in which the droplets 
of the dispersed phase are small and have a relatively wide size 
distribution. In such cases, an additional coalescence step is 
required. Thus, after the distributor plate, the two-phase 
mixture passes first through a coalescing medium (perhaps a 
form of woven mesh) that acts to coalesce the small particles 
into larger ones. The stream leaving the coalescer is fed directly 
into a stage of gravity separation, and then the mixture is 
allowed to separate in the region on the right-hand side of the 
vessel. The figure illustrates the case when the dispersed phase 
is the heavy liquid and the volume fraction of the dispersed 
phase is small (a few percent) of the total. In this case, the heavy 
phase is collected in a boot at the right end of the vessel, and the 
level is controlled by regulating the flow of heavy liquid product 
from the vessel. If the size distribution is very wide, the 
dispersed phase droplets are very small (<10 um), and/or the 
purity specification is very stringent, then an additional high- 
efficiency or “polishing” media stage must be added and 
accompanied by an additional gravity separation stage. These 
additional separation stages are not shown in Figure 23.13(b). 


In Figure 23.13(c), a three-phase, L-L-V separator is shown. 
The same principles of operation are illustrated with a few 
additional features. For example, the three-phase mixture 
entering the vessel would typically flow through a vane-type 
distributor suitable for high-momentum flows (see Table 23.8). 
The level of liquid in the vessel is maintained at the top of the 
coalescing media and settler by the use of an overflow weir on 
the right-hand side of the vessel. The flow of the light-phase 
liquid, which flows over the weir, is regulated by a level 
controller that maintains the level of light liquid to the right of 
the weir. The interface between the heavy and light liquids is 
also sensed and is used to control the flow of heavy liquid that 
leaves from the bottom of the vessel through a nozzle placed to 
the left of the weir. However, this liquid interface control loop is 
not shown in Figure 23.13. The vapor phase leaves the vessel 
through a nozzle at the top right of the vessel. A gas plenum or 
box is placed around the nozzle, and a mist eliminator is placed 
at the entrance of the plenum to ensure that all the gas flows 
through it. A drain line is added to the mist eliminator, and it 
routes any collected liquid back to the front end of the vessel. 
Finally, a vortex breaker is installed at the exit of the light phase 
to eliminate entrained vapor leaving with the light liquid. 


23.3 STEAM EJECTORS 


To operate chemical processes at pressures below ambient, it is 
necessary to remove noncondensable vapors at subatmospheric 
pressure and deliver them to equipment operating at ambient or 
above ambient pressure. For example, consider a feed stream of 
acrylic and acetic acid that must be purified to produce separate 
high-purity acrylic and acetic acid streams. Acrylic acid is 
known to polymerize spontaneously at temperatures of 90°C 
and above. This polymerization is highly exothermic and can 
lead to an explosion [16]. To avoid the disastrous effect of 
polymerizing acrylic acid in the distillation column, the bottom 
of the column must be operated at approximately 15.7 kPa, at 
which pure acrylic acid boils at about 89°C. The pressure drop 
across the column is somewhere around 8 to 9 kPa, which 
means that the top vapor (nearly pure acetic acid) leaves the 
column at about 7 kPa and must be condensed at approximately 
48°C in the overhead condenser using cooling water (in at 30°C 
and out at 40°C). This situation is illustrated in Figure 23.14. 
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Figure 23.14 Process Flow Diagram for Acrylic Acid 
Separation Tower 


For this system, if the feed contained only acrylic and acetic 
acids and there was no leakage, then the heat removal by the 
cooling water in the overhead condenser would be sufficient to 
maintain the pressure at the top of the column at 7 kPa. This is 
because vapor-liquid equilibrium exists everywhere in the 
column and nearly pure acetic acid (>99 mol%) vapor at 48°C 
condenses at only one pressure, its vapor pressure at 48°C, 
which is 7 kPa. In reality, this situation never occurs for two 
reasons. First, the feed stream will almost certainly contain 
trace amounts of dissolved gases (No, O», COs, etc.) that will 
come out of solution and travel to the top of the column. These 
gases may not fully redissolve at the temperatures in the 
condenser and will subsequently accumulate in the condenser 
or in the reflux drum. If they are not removed, then the pressure 
will slowly rise and the pressure and temperature throughout 
the column will increase, leading to the polymerization of 
acrylic acid at the bottom of the column with disastrous 
consequences. Second, because the system in Figure 23.14 
operates below atmospheric pressure, there is a tendency for air 
to leak into the system through flanged connections. This air 
will again accumulate at the top of the column with the same 
consequences as described previously. Therefore, it is 
imperative that these noncondensable gases be removed from 
the overhead system of the distillation column. These gases 
(shown as Vent Gas in Figure 23.14) could be removed using a 
mechanical vacuum pump, but it is usually more economical to 
remove them by means of a single-stage or multistage steam 
ejector. 


23.3.1 Estimating Air Leaks into Vacuum Systems and the Load 
for Steam Ejectors 


The amount of dissolved gas in the acrylic acid feed stream in 


Figure 23.14 can be estimated by using an appropriate vapor- 
liquid equilibrium (VLE) thermodynamics package in the 
process simulator, such as Henry’s law or a similar package that 
predicts the amount of dissolved gases at the feed conditions. 
Likewise, if the acrylic acid feed were to contain dissolved 
lighter hydrocarbons, then the amount of these compounds that 
would need to be removed from the overhead condenser should 
be estimated in the process simulator using the appropriate 
VLE model and accurately simulating the overhead 
condensation process. However, the process simulator will not 
be able to predict the amount of air leaking into the system. 

If a detailed mechanical flow or piping and instrumentation 
diagram (P&ID) were available for the acrylic acid separations 
process, then a count of the number, type, and size of all flanged 
connections along with the fluid pressure could be made and 
the air leak into the system could be predicted through 
analytical methods. Details and estimates for different types of 
connections are given by Jackson [17]. However, such an 
approach is seldom used for preliminary estimates of steam 
consumption rates when the P&ID may not be available. 
Instead, the method recommended by the Heat Exchange 
Institute in their Standards for Steam Jet Vacuum Systems [18] 
for “tight” systems that would be common for chemical 
processes is used. The rate (Tair—leak ) at which air leaks into a 
system of volume Vis given by Equation (23.20): 


Mair—leak = CV? (23.20) 


where C is a parameter that depends on the pressure in the 
system and is given in Table 23.17. 


Table 23.17 Values for Parameter C for Use in 
Equation (23.20) 


System Pressure Range 


mmHg kPa (kgim‘Th) ——_(Ib/ft7h) 
| 90-760 12.0-101 0.9466 0.1939 | 
| 21-89 2.8-11.9 0.7152 0.1465 | 
| 3.1-20 0.41—2.67 0.4838 0.0991 | 
| 1.0-3 0.13-0.40 0.2314 0.0474 | 
<1 <0.13 0.1157 0.0237 


It should be noted that the values of C are higher with higher 
system pressure (lower vacuum), which seems counterintuitive, 
as it would be expected that the air leakage would increase with 
lower system pressure, that is, higher vacuum. However, the 
values of Cin Table 23.17 also reflect the improved maintenance 


and system “tightness” that typically exists for higher vacuum 
systems. 

Examples of how to estimate leaks for “loose” vacuum 
systems using a hybrid approach are given in McKetta [19]. 


Example 23.9 


Estimate the leak of air into a system comprising the 
acrylic acid tower and associated equipment and piping 
for the process flow diagram shown in Figure 23.14. 


Solution 

From Appendix B.9, the tower, and overhead condenser 
sizes are given as follows: 

Acrylic acid tower: Diameter = 2.3 m, height = 25 m 
Reflux drum: Diameter = 1.0 m, length = 2.5 m 
Ignoring the volume of the vessel heads, the volume of 
these two pieces of equipment is 


NI 2 
V x —D tower Litower D Z Ldrum 
4 4 drum 


= Fe 3”) (25) + (1?) (2. 5)] = 105. 8m? 


Adding a 25% factor to include the volume of the heat 
exchangers and connecting pipe gives Vsystem = (1.25) 
(105.8) ~ 132 m°. Using Equation (23.20) with a system 
pressure of 7 kPa and using a value of C from Table 23.17 
of 0.7152 (kg/m?/h) gives 


Tair—leak = CV? = (0.7152) (132)? = 18. 54kg/h 


23.3.2 Single-Stage Steam Ejectors 


A schematic diagram of a single-stage steam ejector is given in 
Figure 23.15. The ejector consists of a converging-diverging 
supersonic steam nozzle. As the steam expands through the 
nozzle, it becomes supersonic (between Mach 3 and 4), and its 
pressure drops below that of the process gas. In this way, the 
movement of steam through the nozzle creates a vacuum that 
educts the low-pressure process stream, and then the two 
streams mix in a mixing zone. The mixed gas stream is then 
expanded in the diffuser section of the ejector, which reduces 
the gas velocity and increases the stream pressure to well above 
the process gas pressure. When a single steam ejector is 
required, the exit gas pressure (Pout) must be maintained at 
above atmospheric pressure. With multistage ejectors, only the 
exit pressure from the final stage must be greater than 
atmospheric. 
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Figure 23.15 Diagram of the Processes and Notation Used in 
the Design of a Single-Stage Steam Ejector 


The optimal design of single-stage ejectors was studied by 
DeFrate and Hoerl [20]. The results of their analysis are quite 
involved, and the results are presented graphically and 
reproduced in Figures 23.16 and 23.17. The notation for the 
different terms in the axes of these figures corresponds to that 
given in Figure 23.15. These figures apply to the case when the 
motive gas and the educted gas have the same molecular weight 
and temperature. For the normal case when these two gases 
have different compositions and temperatures, DeFrate and 
Hoerl recommend the following correction factor: 


Fie, ~ Le aie) (2), 


(23.21) 
where the subscripts 2 and 1 refer to the case for unequal 
molecular weights and/or temperatures and the base case 
condition given in Figures 23.16 and 23.17, respectively. The gas 
velocities into and out of the nozzle may be considered small, 
and thus the kinetic energy terms for the inlet and outlet 
streams may be considered negligible, although the kinetic 
energy transformations in the ejector are very significant. 


Figures 23.16 and 23.17 were derived for the ideal case, 
when the flow processes (apart from mixing) are reversible and 
adiabatic, the ideal gas law holds, and the heat capacity ratios of 
both gases (ka and kp) are constant. DeFrate and Hoerl [20] also 
show that there is a small effect on the ratio of ka/kp for the 
results in Figure 23.17, but this effect is not included here. From 
comparisons with tests on actual steam ejectors, the 
entrainment ratios are expected to be about 90% of those given 
in Figures 23.16 and 23.17. 
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Figure 23.16 Maximum Compression Ratio for Constant- 
Area, Single-Stage Steam Ejectors (Ma = Mp and Ta = Tp) 
(Figure Redrawn from DeFrate, L. A., and A. E. Hoerl, 
“Optimum Design of Ejectors Using Digital Computers.” 
Chem Eng Progr Symp Ser. 21(55) (1959): 43-51 [20]) 
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Figure 23.17 Entrainment Ratio for Constant-Area, Single- 
Stage Steam Ejectors (M, = Mp and T, = Tp) (Figure Redrawn 
from DeFrate, L. A., and A. E. Hoerl, “Optimum Design of 
Ejectors Using Digital Computers.” Chem Eng Progr Symp 
Ser. 21(55) (1959): 43-51 [20]) 


Example 23.10 demonstrates the design of a single-stage 
steam ejector. 


Example 23.10 


Estimate the flowrate of medium pressure steam (Ta = 
180°C, Pa = 1000 kPa) required to remove an air leak of 
300 kg/h into an overhead condenser system operating 


at 27.5 kPa pressure and 50°C using a single-stage steam 
ejector. You should assume that the steam and air stream 
will be partially condensed in a heat exchanger operated 
at an inlet pressure of 110 kPa (Poyz). 


Solution 

P, = 1000 kPa, Ta = 180°C, Pp = 27.5 kPa, Tp = 50°C, Pout 
= 110 kPa 

Assume that kg = 1.38 (ky = 1.40). From Figure 23.16, X 
= Pout/P» = 110/27.5 = 4.0 and Y = P,/Pa = 27.5/1000 = 
0.0275, giving an area ratio A»/A ~ 15 (shown on Figure 
23.16). 

From Figure 23.17, using A,/A, = 15 from Figure 23.16, 
with P,/Pq = 0.0275, gives thp /Ma = 0.21. 

Correcting for temperature and molecular weight using 
Equation (23.21) and accounting for an efficiency of 90% 


LF lactam = Lie listen Ut) 
Ma 2,theor Tha 1,theor MaJo \ T /2 
29.8 (180+273.2) 
18 (504273.2) 


= (0.21) (1.52) = 0.320 


; _ om — 300 _ 
Ta,theor2 = 399) = 0.320 Z 938kg/h 


gives 


= (0.21) 


‘ Ma,theor,2 938 
™Ma,actual = — 2 = 09 ~ 1042kg/h 


Thus, steam = Ma = 1042kg/h. 


23.3.3 Multistage Steam Ejectors 


In the same way that multiple compressor stages may be 
required to obtain a desired outlet pressure when compressing a 
gas, multiple stages of steam ejectors may be required to educt 
gas from a low pressure to a high one. The limits for multistage 
ejectors with and without interstage condensation are given by 
Berkeley [21] and are repeated in Table 23.18. For multistage 
steam ejectors, it is possible to operate ejectors in series without 
interstage condensation, because at the low intermediate 
pressures in these systems, condensation of steam will not occur 
at the temperature of cooling water. The purpose of interstage 
condensation is to reduce the flow of gas between stages and 
hence reduce the amount of motive steam required by the later 
ejector stages and thus help reduce the operating costs. 


Table 23.18 Limits for the Operation of Multistage 
Steam Ejectors for Steam at 790 kPa and Cooling 
Water at 30°C 


Number Type 


of Stages Range of Operation 


From To(mm From To 
(mmHg) Hg) (kPa) (kPa) 


One (1) A 760.0 50.0 101.00 6.70 


Two AB 100.0 4.2 13.30 0.56 

(2) 

Two A-X-B 80.0 3.0 10.70 0.40 

(2) 

Three AB-X- 6.0 1.5 2.00 0.80 

(3) C 

Three A-X- 80.0 1.8 10.70 2.40 

(3) B-C 

Four AB-X- 8.0 0.15 1.07 0.20 

(4) C-X-D 

Five ABC- 0.7 0.035 0.09 4.7 

(5) X-D- x 
X-E 10° 


Ejector stages designated as A, B, C, D, and E 


Location of condensing heat exchangers designated by X. 


Source: Data from Berkeley, F. D. “Ejectors Give Any Suction 
Pressure.” Chem Eng 64(4) 1957: 1-7 [21]. 


Returning to the case of the acrylic acid separation process 
given in Figure 23.14 and Example 23.9, it is noted that the top 


operating pressure of the tower is 7 kPa, which is close to the 


minimum pressure for single-stage ejectors shown in Table 


23.18. This suggests that a multiple-stage ejector may be 


required for this design. Example 23.11 investigates the acrylic 
acid tower and illustrates the use of a two-stage steam ejector. 


Example 23.11 


Design a steam ejector system for the acrylic acid 
distillation tower shown in Figure 23.14 and discussed in 
Example 23.9. Steam is available at 180°C and 1000 kPa, 
and the air leaking into the system must be delivered to 
the battery limit at a pressure of 120 kPa. For this 
system, determine the flow of steam needed to educt the 
air flow determined from Example 23.9. 

1. Using a single-stage ejector 


2. Using a two-stage, noncondensing ejector 


Solution 


The system is shown in Figure E23.11(a). For this system, 
there will be some uncondensed acetic acid in the stream 
that leaves the overhead condenser due to the presence 
of the air. For this problem, the amount of acetic acid in 
this vapor will be considered negligible; however, this 


should be checked by simulating the overhead condenser 
and reflux drum for the condition stated in the problem. 
In addition, the pressure drop across the reflux drum is 
assumed here to be zero. 


T,= 180°C 


P,= 1000 kPa Vent Gas 


Steam 


Overhead 


Condenser Air leaked into system + 


some acetic acid 
(= 0 for this problem) 


Overhead 
Reflux Drum 


Overhead Vapor from 
Acrylic Acid Tower 


Figure E23.11a Two-Stage Steam Ejector without 
Intermediate Condensation 


P, = 1000kPa, T, = 180°C, P, = 7.0kPa, T, = 48 
°C, Put = 120kPa, ka = 1.40 


1. X = Pouyt/Pp = 120/7.0 = 17.1 and Y = Pp/Pq = 7/1000 = 0.007; this 
point (X, Y) is off the right-hand side of Figure 23.16. 
Extrapolating gives an area ratio Ay/A, ~ 20. For this area ratio 
and P/Pa = 0.007, the point is located way to the left of Figure 
23.17—even if this point could be estimated, it would give a value 
of m `b/m `a close to zero, leading to an extremely large steam 
flowrate. This suggests that this design cannot be accomplished 
using a single-stage ejector, confirming the range of suction 
pressures shown in Table 23.18. 


K 


The steam ejector will consist of two ejectors placed in series, as 
shown in Figure E23.11(b). To solve this problem, the relative 
pressure ratios for both ejector stages must be chosen. As is the 
case for compressor stages, the optimum should be when the 
pressure ratios for each stage are equal. The overall pressure ratio 
is Pout/Pa = 120/7 = 17.1; thus, for each stage, the pressure ratio is 
17.1 = 4.14. This pressure ratio and other key data are shown 


in Figure E23.11(b). 
Tout2= ? 
Pou2= 120 kPa | Vent Gas 
Steam Ejector | | 
Stage 2 


Tout = To2= ? 
Pouts = Pa = (120)(4.14) = 29 kPa 


Steam Ejector 
Stage 1 


Ta 2= 180°C 
P, 2= 1000 kPa 


Steam 


Ta1=180°C 
Pa 1=1000 kPa 


Steam 


Tp1=48°C 
Pp =7.0 kPa 


Air leaked into system + 
some acetic acid 
(= 0 for this problem) 


Figure E23.11b Two-Stage Steam Ejector without 
Intermediate Condensation 


Stage 1 


X = Pout s/Pp,1 = 29/7.0 = 4.14 and Y= Pp ,/Pa, = 7/1000 
= 0.007, and from Figure 23.16, this point (X, Y) gives a 
value of A/A = 75. With A,/A» = 75 and Pp 1/Pai = 
7/1000 = 0.007 from Figure 23.17, M `b/M ‘a ~ 0.35. 
Therefore, using the result from Example 23.9, M `b, = 
18.54 kg/h. 


Adjusting for T, M, and efficiency gives 


Ehan Bla E 
2,theor ir jtheor (z) 
[20.8 (180-+273.2) 
(0.35) as ara 2) 
= (0:35) (1.53) = 0.535 
—entrainment ratio at actual conditions 


. ma (18.54) 

(1ita,1 )sheor = Toss) = (0538) ~ 34-7 kg/h 
. (area Viheor (34.7) 

(Tat actual a — = (0.90) = 38.5 kg/h 


A mass and energy balance on Stage 1 of the ejector gives 


Mout = Teg = Tha 1 + hy. = 18.5 + 38.5 = 57.0kg/h 
(E23.11a) 


Mout, Nout, = Ma 2hb, 2 = Maha + mea he1 
(E23.11b) 


The only unknown in Equation (E23.11b) is the 
temperature of stream Moy¢,;. Solving for this gives Tout, 
= Tp» = 126.9°C. The energy balance was solved using 
the CHEMCAD simulator but could also be estimated 
using h = c,AT for each stream. 

The average molecular weight of the outlet stream is 
given by 


Mout. __ Tez _ Mat Te, 
Mout M2 Mai Msı 
. — Mout,1 = 57 = 
. MW out, a, Tad 7p 1 — “18.5 38.5 ` 20.66 
— + —— 28! 18 
Mai = Moa 
(E23.11c) 


Stage 2 

X = Pout,o/Pb,2 = 120/29 = 4.14 and Y= Py o/Pa> = 
29/1000 = 0.029, and from Figure 23.16, this point (X, 
Y) gives a value of A/A- 7 14. With A,/A. = 14 and 

Py 1/Pa,1 = 29/1000 = 0.029 from Figure 23.17, m "p/m `a 
= 0.19. 

Adjusting for T, M, and efficiency gives 


LF] ecw = Li ef ize) (2) 
Ta 2, theor Tha 1, theor Ma T, 
20.66 (180+273.2) 


= (0.19) -18 (126.912732) 


= (0.19) (1.14) = 0.217— actual entrainment ratio 


: == Ma, 2 = (57) — 
Mp, 2, theor = (0.217) = (0.217) = 262.7 kg/h 


; 16,2, theor 262.7 
Hit, 2, actual = 2H” = FED — 291.9kg/h 


This gives the total steam flow to both ejector stages as 
Msteam = mb, + mMp,2 = 38.5 + 291.9 = 330.4 kg/h 


Because there is no condensation of the intermediate 
stream between stages, the mass flow of gas to Stage 2 is 
much higher than to Stage 1, and hence the amount of 
steam required in Stage 2 is 7.6 times that required for 
Stage 1. Based on the conditions of the outlet stream 
from Stage 1, some condensation could be achieved using 
typical conditions for cooling water, resulting in a 
decrease in the steam flow needed for the second stage 
with a corresponding savings in operating costs. These 
savings in costs would need to be compared to the 
additional cost of a heat exchanger, cooling water, and L- 
V separator required to affect the condensation. This 
problem is considered further in the end-of-chapter 
problems. 


23.3.4 Performance of Steam Ejectors 


As pointed out by DeFrate and Hoerl [20], the curves in Figures 
23.16 and 23.17 for a given value of A,/A, actually represent the 
locus of the optimum designs for a single-stage ejector at 
different conditions. However, for practical purposes, a curve 
for a given value of A./A, can be used to estimate the 
performance of that ejector over the range that covers 20% to 
130% of the design suction pressure (Pp) and 80% to 120% of 
the motive steam pressure (P,). It should be noted that 
performance (entrainment ratio) drops off rapidly if the 
maximum compression ratio is exceeded but is not affected 
significantly if the outlet pressure decreases below the optimum 
value. Example 23.12 shows a performance problem for a 
single-stage ejector. 


Example 23.12 


Consider the problem given in Example 23.10 and 
assume that the ejector rated for the design conditions 
given in Example 23.10 has been purchased and is 
operating. However, during operation it has been noted 
that the air leak into the system has increased and the 
pressure at the top of the column is around 36.7 kPa 
instead of the design value of 27.5 kPa. For this situation, 


answer the following: 
1. Estimate the rate of air leak into the tower assuming that the flow 


and pressure of steam is the same as the design condition. 


2. Could increasing the flow of 1000 kPa steam reduce the column 
pressure to the desired value of 27.5 kPa? 


Solution 


1. P, = 1000kPa, T, = 180°C, P, = 36.7 kPa, T, = 50°C, Pout 
= 110kPa 
Assume that kg = 1.38. From Figure 23.16, with Y = Pp/Pa = 
36.7/1000 = 0.0367 and Az/A, = 15, this gives a value of X ~ 3.3, 
which is less than the design value of X = Pout/Pb = 110/27.5 = 


4.0. So the ejector does not violate the maximum compression 
ratio, and performance should be as predicted by Figure 23.17. 


Using Ao/A, = 15 from Figure 23.17 with Pp/Pa = 0.0367 gives 
My /Ma = 0.32. Correcting for temperature, M, and efficiency 
gives 


FSP Delia ea) 
Tha | 2.theor Ta | 1.theor Ma Ja \ TJ 
£ 29.8 (180+273.2) 
= (0.32) \/ 18 (504273.2) 


= (0.32) (1.52) = 0.486 


Tha,theor = €Ma,actual = (0.9) (1044) = 940 kg/h 
thy = (0.486) (940) = 457 kg/h 


So the air leak has increased from 300 to 457 kg/h. 

2. In principle, increasing the steam flowrate in direct proportion to 
the airflow rate should solve the problem; thus, if Msteqm = (457) 
(1044)/300 = 1590 kg/h, then the conditions in the problem are 
the same as in Example 23.10. However, the ejector was originally 
designed for the flowrates in Example 23.10, and to accommodate 
the higher flows, a larger ejector with the same A,/A, value would 
be required. This information would have to be obtained from a 
manufacturer. 


WHAT YOU SHOULD HAVE LEARNED 


e The basic equations governing the wall thickness for pressure vessels, 
including the shell, heads, and nozzles 


e Estimation techniques to determine the mass of pressure vessels 
made from common materials 


e The basic principle of operation of V-L, L-L, and L-L-V separators or 
knockout drums 


e How to determine the length and diameter of knockout drums for 
separating entrained liquid drops in V-L separators 


e How to estimate the pressure drop, flooding condition, and droplet 
size distribution for mist eliminators 


e How to predict the performance of other phase separators 
e The principles of operation of steam ejectors 


e How to estimate the air leak into a chemical process operating at 
vacuum 


e How to estimate the steam flowrate for single-stage and multistage 
steam ejectors 


| e How to predict the performance of steam ejectors | 
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SHORT ANSWER QUESTIONS 


= 


. The term E (weld efficiency) is used in the basic equation for 
determining the thickness of a pressure vessel. Does this 
term appear on the top or the bottom of the equation? 


2. What is the corrosion allowance, why is it important, and 
what are typical values? 


3. What is the minimum thickness of a pressure vessel? Would 
you still specify this thickness for a vessel that operated at an 
absolute pressure of 1.01 bar (4 atm)? Why? 


4. What are the two most common types of head (end piece) 
used in the construction of pressure vessels? 


5. What is meant by a design-by-rule philosophy? 


OV 


. What is the purpose of a vapor-liquid (V-L) knockout drum? 


For a simple V-L knockout drum, give three reasons for 


nN 


using a vertically oriented drum. 


8. For a simple V-L knockout drum, give three reasons for 
using a horizontally oriented drum. 


9. Sketch three typical inlet devices for a V-L drum. 


10. What is the meaning of HHAL and LLAL in the design of a 
vertical vessel? 


11. In the design of a vertical V-L separator, what geometric 
parameter of the drum (dimension) controls the size of 
liquid drops leaving with the vapor? Explain your answer. 


12. What is the purpose of a mist eliminator? 


13. Does a mist eliminator capture equally drops of different 
sizes in the vapor? 


14. For what process function is the use of a V-L separator 
most critical? 


15. For an L-L separator, do liquid drops separate slower or 
faster than drops of liquid in a V-L separator? Explain your 
answer. 


16. What is the main principle of operation for a parallel plate 
L-L separator? 


17. Why are steam ejectors needed for systems that operate 
below atmospheric pressure? 


18. What is the advantage of partially condensing the 
intermediate stream in a multistage steam ejector? 


19. Do steam ejectors typically operate in the subsonic or 
supersonic region? 


20. Give two sources of noncondensable gas that may 
contribute to the vent stream leaving the reflux drum on a 
distillation tower that operates at vacuum conditions. 


PROBLEMS 


21. Determine the mass of a pressure vessel made of 304 
stainless steel (SS), with standard (ASME) dished heads. The 
dimensions of the vessel are a diameter of 2.4 manda 
length of 8.5 m (tangent-to-tangent). The design pressure 
and temperature of the vessel are 3.7 MPa and 450°C, 
respectively. You should assume a corrosion allowance of 
6.35 mm and that nozzles and manways will contribute an 
additional 15% to the mass of the vessel. In addition, you 
should assume that all welds are double-welded butt joints 
with spot radiographed examination. 


22. Repeat Problem 23.21 but using 316 SS as the material of 
construction. If the relative costs of 316 to 304 SS are 1:1.29, 
and both materials are suitable for the service, which 
material do you recommend? 


23. If the vessel in Problems 23.21 and 23.22 were to handle 
50% nitric acid, what material of construction would you 
recommend, and why? 


24. A V-L separator drum is to be designed downstream of a 
reactor. The stream leaving a partial condenser that is the 
feed to the knockout drum has the following properties: 


Vapor mass fraction, x = 0. 45 

Mass flowrate of feed stream = 70.5 kg/s 

M of vapor = 59 g/mol (assume ideal gas behavior) 

M of liquid = 80g/mol, density of liquid = 1080kg/m?* 
Gas viscosity = 9.8 x 10 *kg/m/s 

Temperature of stream = 93°C, pressure of stream 


= 1075 kPa 


Answer the following questions: 


1. What should the orientation of the vessel be and why? 


2. Determine the diameter of the vessel needed to remove 100 um diameter 
drops. 

3. Determine the minimum pipe diameter of schedule 40 pipe required such 
that a vane-type inlet device can be used. Use the data from Table 23.8 


and assume that the flow is homogeneous; that is, the velocity of gas and 
liquid is the same—no slip between phases. 

4. Determine the appropriate holdup time and volume of liquid holdup. 

5. Determine all the key vessel dimensions such as NOL, HHAL, and LLAL. 
Sketch a vessel diagram showing the location of the inlets and outlets and 
note all key dimensions on the diagram. 


25. Estimate the mass of the vessel designed in Problem 23.24, 
assuming a corrosion allowance of 6.35 mm and a material 
of construction of SA515-70 carbon steel. Use 2:1 elliptical 
heads but do not consider any additional mass for nozzles 
and manways. You should assume that double-welded butt 
joints that are fully radiographed are used throughout the 
construction of the vessel. 


26. Estimate the diameter of a vertical V-L separator 
containing a 6 in (150 mm) thick stainless steel wire mesh 
mist eliminator. The properties of the gas and liquid are 


Pi = 940kg/m*, Pg = 7.36 kg/m? 
ùg = 11.45 m? /s, ù; = 17 m? /h, u; = 0.0019 kg/m/s 


For the stainless steel mist eliminator, the following 
properties should be used: density = 192 kg/m; wire 
diameter = 280 um; specific surface area, a = 350 m>/m°; 
and voidage, € = 0.975. 


Hint: You should base the design on 80% of flooding. 


27. What is the equivalent value of ksg for the mist eliminator 
in Problem 23.26 that would give the same diameter for the 
vessel? 


28. Determine the pressure drop in the mist eliminator 
designed in Problem 23.26. Using this result, determine the 
maximum size of droplet for which the capture rate is 99% 
in this device at the design flowrate. You may assume that 
the absolute pressure for the inlet stream is 3 bar and the gas 
viscosity, Ug = 16 x 16°" kg/m/s. 


29. Consider the horizontal V-L drum designed in Examples 
23.4, 23.5, and 23.6. Based on the conditions at the 
operating design point (using NOL), determine the 
maximum size of gas bubble that would not rise to the liquid 
surface and be released to the vapor phase. Use a liquid 
viscosity of 700 x 10° kg/m/s. 


Hint: You should assume that a gas bubble of size D located 
at the bottom and left-hand side of the drum will move to 
the right-hand side at the velocity of the liquid. 
Simultaneously, this bubble will rise through the liquid at its 
terminal velocity. If the bubble reaches the surface of the 
liquid, it will be released; however, if the bubble does not 
reach the surface, then conservatively, it may be considered 
to be entrained in the liquid leaving from the bottom of the 
vessel. This concept illustrates the degassing behavior of 
horizontal drums. 


30. Repeat Problem 23.29 for the case when the liquid 
residence time is 5 min instead of 10 min for Examples 23.4, 
23.5, and 23.6. You may assume that the heights of liquid in 
the drum are the same. 


31. A liquid-liquid separator, with a parallel plate settler 
installed horizontally, is 1.4 m in length and has a separation 
distance of 30 mm between the plates. The densities of the 
two liquids to be separated are p}; = 840 kg/m? (dispersed 
phase) and p; = 1020 kg/ m? (continuous phase). The 
horizontal velocity of the mixture of two liquids is 1 m/min. 
Determine the maximum size of droplet of the dispersed 
phase that will not be collected or coalesced while moving 
through the settler. You should assume that the droplets of 
dispersed phase move vertically at their terminal velocity. 

32. For Example 23.11, Part (b), rework the problem for the 
case when the stream leaving the first stage of the ejector is 
condensed using cooling water (in at 30°C and out at 40°C) 
with a 5°C approach (leaves the condenser at 45°C). What is 
the reduction in steam flow to the second stage of the 
condenser? 


Hint: You will have to set this problem up and solve it using 
a process simulator; you should use ideal gas and latent heat 
enthalpy options. 


33. For Problem 23.32, determine whether it is more 
economical to use the two-stage ejector with intermediate 
condensation than the noncondensing option given in 
Example 23.11, Part (b). Use the following information: 


Overall heat transfer coefficient for the partial condenser 
= 1500W/m?K 
Cost of steam = $0.03/kg 
Cost of cooling water = $15 x 107° /kg (for AT = 10°C) 
Cost of heat exchanger = $30, 000.A°-*? where A 
= heat exchanger surface area in (m) 


Cost of L-Vseparator = 20 %of cost of heat exchanger 


To account correctly for the time value of money, you should 
divide the costs of the exchanger and vessel by a factor of 5 
to convert the one-time cost ($) to an equivalent yearly cost 
($/y). 

34. The overhead reflux drum for a vacuum column in an oil 
refinery operates at 25 mmHg. The overhead temperature is 
120°F, and the composition and flowrate of the vapor in the 
vent gas (not including any air leaks) is 
H, = 1.2 lb/h 
CH, = 20 lb/h 
CH6 = 45 lb/h 
C3Hg = 25 lb/h 


The vacuum tower and associated equipment and pipes have 
an approximate volume of 21,000 ft®. 


Answer the following: 


1. Estimate the air leak into this (“tight”) system. 

2. Determine how many stages would be required for a steam ejector to 
remove the vent gas plus the air leak into the system and deliver it to a 
vent gas handling system operating at 1.2 bar. 

3. Estimate the amount of low-pressure steam (70 psig saturated) required 
by each stage of ejector assuming there is no intermediate condensation. 


4. If cooling water is available at 86°F and must be returned to the cooling 
tower at 104°F, determine if a partial condenser could be employed and 
where it should be placed. Also determine if more than one condenser 
could be employed. 


5. Determine the amount of steam required if a single partial condenser is 
used. You should assume that the condenser is placed between the last 
two stages of the ejector and a temperature approach of 10°F is used. 


35. It is desired to maintain a vacuum of 100 mmHg absolute 
pressure in a drum by removing accumulated vapors 
(average MW = 40 g/mol, flowrate 200 kg/h, temperature = 
50°C) and discharging them to an incinerator operating at 
115 kPa. Determine the steam flowrate required for a single- 
stage ejector system for the following steam pressures: 


1. 20 bar saturated 
2. 10 bar saturated 


3. 5 bar saturated 


36. A single-stage steam ejector is designed to remove 50 kg/h 
of air from a reflux drum operating at 25 kPa and 50°C and 
discharge it to the atmosphere through a vent using a steam 
ejector with saturated steam at a pressure of 1 MPa. After the 
system has been designed, it is found that the pressure in the 
reflux drum has risen to 30 kPa (still at 50°C). Estimate the 
additional air flowrate (due to leakage) that is responsible 
for the increase in reflux drum pressure. 


Chapter 24: Process Troubleshooting 
and Debottlenecking 


WHAT YOU WILL LEARN 


e What troubleshooting and debottlenecking are 


e Strategies for troubleshooting and debottlenecking 


Imagine that you are responsible for a chemical process unit. 
The pressure in a chemical reactor begins to increase. You are 
concerned about material failure and explosion. What do you 
do? For a case such as this with potential catastrophic 
consequences, it may be necessary to shut the process down. 
However, process shutdown and start-up are very costly, and if 
a safe alternative were available, you would certainly want to 
consider it as an option. In another scenario, what would you do 
if it had been observed that the purity of product from your unit 
had been decreasing continuously for several days, and 
customers had begun to complain of poor product quality and 
have threatened to cancel lucrative contracts? 


The situations described above may be classified as process 
troubleshooting problems. Once a plant is built and 
operating, it is anticipated that it will operate for a number of 
years (10-30 years). During this time, there will be instances 
when the plant displays unusual behavior. This unusual 
behavior may represent a problem or a symptom of a problem 
that has not yet become apparent. The procedure for identifying 
the root cause of unusual behavior is part of troubleshooting. 
The other part is to provide guidance as to what action should 
be taken to correct the problem or, in the case of a symptom 
that has not yet resulted in a problem, to prevent a problem 
from developing. Problems that affect process performance 
represent financial losses and potential safety hazards, so these 
problems must be quickly identified and resolved. The key to 
smooth plant operations is preventive action based on correct 
diagnosis of early symptoms. Troubleshooting problems 
associated with process start-up are beyond the scope of this 
text. 

Even during a period of successful operation, the process 
does not operate at a steady state. Distillation units operate 
differently in summer than in winter, as well as between night 
and day, as a result of internal reflux changes resulting from 
heat losses or gains from the tower. Feed material compositions 
and flowrates fluctuate, the temperature of cooling water 
changes, catalyst decays, heat exchangers foul, and so on. The 
control system responds to these changes and alters utility flows 
to maintain process streams at close to normal operating 


conditions. 


The key to solving troubleshooting problems is to make use 
of the information regarding the process taken during periods 
of successful operation. Based on operating experience, the 
range over which changes can take place without a significant 
effect on the performance of the process is learned. 
Consequently, there is no single base case to represent process 
behavior as described in previous chapters. When comparing 
current operations to normal operations, it is important to 
determine whether current operation lies within the range of 
normal operations. The range of normal process operation 
provides the base case. 


Three steps can be identified to troubleshoot a process: 


1. Treat the Symptoms: In this situation, the observed problem is 
addressed without investigation of the root cause. If the reactor pressure 
is increasing, find a way to relieve the pressure. This is a short-term 
solution. Because the root cause of the pressure increase has not been 
identified and addressed, the pressure may increase again. However, the 
immediate problem (the potential for an explosion, vessel rupture, or 
unwanted product release through a relief valve) has been avoided, and 
there is now time to seek the root cause of the problem. 

2. Identify the Cause of the Problem: Eventually, the cause of the 
problem should be diagnosed. This is particularly true if the problem 
recurs or if it is safety related. Because this may take time, the symptoms 
must continue to be treated. 


3. Fix the Problem: Ultimately, the problem should be fixed. 


Process troubleshooting involves solving open-ended 
problems for which there are likely to be several possible 
solutions. It is necessary for the engineer faced with such a 
problem to consider many identifiable solutions. Failure to 
consider a sufficient number of possible solutions may result in 
missing the actual solution. 


Now, consider a different situation. It is necessary to 
determine how much scale-up is possible for the process for 
which you are responsible. You determine that one process unit 
can be scaled up only by 10%, whereas all other process units 
can be scaled up by at least 15%. The process unit that can be 
scaled up only by 10% is called a bottleneck. Elimination of this 
bottleneck is called debottlenecking and involves 
determining how to remove obstacles limiting process changes. 


To put troubleshooting and debottlenecking problems in 
context, consider the input/output model shown in Figure 24.1. 
This model was first introduced in Chapter 19, Figure 19.17, and 
was used to define design and performance problems. The 
input/output model can also be used to define troubleshooting 
and debottlenecking problems. Troubleshooting problems 
involve identification and correction of the change in inputs 
and/or the process responsible for observed changes in outputs. 
Debottlenecking problems involve identification and 
modification of the portion of a process limiting the ability to 
change inputs or outputs. 


Process 


Inputs Outputs 
Type of Problem Known Unknown 
Design Inputs and Process 
outputs 
Performance Inputs and Outputs 
process 
Troubleshooting Observed Causative A inputs 
A output and/or A process 
Debottlenecking Desired Aoutput Portion of process limiting 
or Ainput magnitude of change 


Figure 24.1 Input/Output Relationships for Various Types of 
Problems 


In this chapter, a recommended methodology for attacking 
process troubleshooting problems is presented. Then five case 
studies of increasing complexity are presented that will serve to 
enhance the reader’s skills in attacking troubleshooting 
problems. Finally, an example of a debottlenecking problem is 
presented. 


24.1 RECOMMENDED METHODOLOGY 


When solving complex problems such as troubleshooting and 
debottlenecking, having a reliable, personal problem-solving 
strategy is important. Problem-solving strategies are discussed 
briefly here. More details can be found elsewhere [1]. 


24.1.1 Elements of Problem-Solving Strategies 


Three elements of successful problem-solving strategies are 
recommended here for attacking process troubleshooting 
problems (including debottlenecking problems). This is not 
meant to be an exhaustive list of strategies; it is simply some of 
the strategies that can be used. The three strategies discussed 
here are 


1. Brainstorming 


2. Using known or observed data plus your understanding of equipment 
behavior 


3. Considering the unexpected 


Each is considered separately. They can also be combined into a 
general methodology for solving open-ended problems. 
Brainstorming involves generating an extensive list of 
possible ideas. This need not be a formal process; it can be done 
informally and rapidly. In fact, the natural response to a 
troubleshooting situation is to think immediately and rapidly of 


several possible causes. If the product is not meeting 
specifications, think of all of the reasons that can be considered 
as potential causes, no matter how remote the possibility. Then 
brainstorm possible solutions. The main rule of brainstorming 
is that there are no bad ideas. The goal is to generate as many 
ideas as is possible. After brainstorming, only then is it time to 
evaluate all items critically to generate the most likely causes 
and solutions. Although brainstorming is usually a group 
activity, often it must be done individually. For a large, long- 
term problem, time can be taken to brainstorm in a group. For 
an everyday problem, especially an emergency situation, one 
should train oneself to brainstorm automatically. Brainstorming 
is acomponent of most problem-solving strategies. 


When brainstorming a troubleshooting problem, 


consider all ideas, no matter how unusual they may 
seem. 


When troubleshooting a chemical process, an understanding 
of equipment behavior should be used to narrow the list of 
possibilities. For example, in a staged separation using a mass 
separating agent, the Kremser equation (see Section 21.2.3) 
quantifies the relationship between process variables. The most 
important of these relationships for a variety of unit operations 
were covered in the performance sections of Chapters 19-23. 
Use of these relationships will be illustrated in the case studies 
presented later in this chapter. 


When there is a problem with process operation, the cause 
of the problem must be identified. The problem may or may not 
be located at the unit where poor operation is observed. For 
example, the output from the separator may be off-spec due to 
lower-quality product exiting the reactor rather than due to 
poor separator operation. In troubleshooting plant problems, a 
vast amount of data exist that can be used to help identify the 
problem. These data would likely include current and historical 
operating conditions. In addition, the plant P&IDs would show 
where to look for additional current operating data. Any 
methodology for troubleshooting must consider this 
information, and any solution must be consistent with the 
operating data. Often, solving the problem is facilitated by 
selection of the data that will lead to identification of the 
problem. 

Although a knowledge of equipment behavior is essential to 
solving troubleshooting problems, it is important that all 
alternatives, no matter how unexpected, be considered. If the 
pressure drop in a tray tower is increasing, a knowledge of 
equipment function suggests that there may be loading or 
flooding, so an increased liquid or vapor flowrate is a possible 
cause. However, was the possibility that someone left a toolbox 
in the downcomer during a recent maintenance shutdown also 
considered? The lesson here is to expect the unexpected! 


Consider all possibilities no matter how remote they may seem. 

Given the open-ended nature of troubleshooting problems, 
their solution may best be attacked by creative problem-solving 
strategies. One such strategy, presented by Fogler and LeBlanc 
[1], is discussed here in the context of process troubleshooting. 
(Another similar strategy is presented in Chapter 25.) Their 
problem-solving strategy involves five steps: 


. Define 
. Generate 


1 
2 
3. Decide 
4. Implement 
5 


. Evaluate 


First, the correct problem must be defined. If the problem 
is incorrectly defined, it is likely that an incorrect solution will 
be found. If the product is not meeting specifications, this is the 
problem. However, if after further investigation it is found that 
the stream leaving the reactor is not at design conditions but the 
reactor feed is at design conditions, it may be necessary to 
redefine the problem to be incorrect reactor performance. 


Once the problem is defined, ideas must be generated. This 
is identical to brainstorming. It is important to generate as 
many ideas as possible. It is poor problem-solving strategy to 
focus on one possible solution or to assume that there is only 
one possible solution. For process troubleshooting, ideas may 
need to be generated both for the cause of the problem and for 
remedies to the problem. 

Once ideas have been generated, the next step is to decide 
how to proceed. This is when knowledge of equipment can be 
used to select the most likely items from the brainstorming list 
to implement first. The next step is to implement the chosen 
solution. 

Once the chosen solution method is implemented, it is 
necessary to evaluate the chosen solution. Is it working? If not, 
why not? Should another solution be implemented? If several 
solutions have been attempted, none of which appears to be 
solving the problem, it may be time to think about whether 
there is an unexpected solution that can solve the problem. 


24.1.2 Application to Troubleshooting Problems 


A troubleshooting strategy is given in Table 24.1. It involves five 
steps. This sequence of steps is shown to parallel the problem- 
solving strategy of Fogler and LeBlanc discussed in Section 
24.1.1. 


Table 24.1 Strategy for Troubleshooting Existing 
Plants 


Phase Check out primary suspects. 


i a. Verify the identified problem or symptom. 
b. Check input to the process. 


c. If only one unit is involved, check operating 
conditions of unit. 


d. Check for fully open or closed control valves. 


2 symptom. 
a. System size is reduced systematically until 
the unit operation that is the source of the 
problem or symptom is determined. 


Phase Identify the unit operation producing the problem or 
b. Inputs to each system are checked. 


Phase Perform a detailed analysis of unit operation uncovered 

3 in Phase 2 to determine and to verify the root cause of the 
problem or symptom. 

Phase Report your diagnosis of the root cause of the problem, 

4 and recommend action to remove the problem or 
symptom. 

Phase Report significant observations uncovered during the 

5 analysis that may be important to your organization. 


Phase 1. Screen the whole process for the most common 
causes of problems or symptoms of problems in the process. 
This might involve brainstorming done informally as part of 
your thought process. 


It is important to define the correct problem, or to 
determine whether one even exists. One common situation is 
false identification of a problem or symptom. An instrument 
could have been read incorrectly or could be broken, the 
analytical analysis (online or in lab) may not be correct, 
reagents may have been prepared incorrectly, and so on. In this 
situation, there is no problem with the process; it is a false 
indication of a problem. Never accept the initial problem 
identification without verification. 


Once it has been determined that a problem really exists, the 
suspects should be screened. This is the generate step. A 
common cause of problems results from changes in process 
inputs. The adage “garbage in, garbage out” is universal and 
applies to chemical processes. Component flows into the 
process must be verified and compared to those for normal 
operations. If a problem appears as a result of process inputs, go 
to Phase 3. If a problem is known to involve a single unit (which 
may be true only for academic problems), consider possible unit 
malfunctions (some are listed under Phase 2). In this case, you 
should also go directly to Phase 3. 


A third common cause results from limitations of the control 
systems on the utility streams used to maintain the temperature 
and pressure of process streams. If any control valves are found 
to be fully open or fully closed, there is a high probability that 
the desired control is not being achieved. All of the utility 
control valves are not normally shown on the PFD, and it is 
necessary to review the P&ID. All control valves should be 
checked. This information is used as input in later phases to 


identify the cause of the problem observed. 


Phase 2. Locate the unit operation that is producing the 
problem or symptom. This is part of the decide step. The 
process is divided into subsections. If there is no obvious choice 
for selecting subsections, the process sections identified in the 
block flow diagram represent a reasonable starting point. Each 
system analyzed contains the stream identified as having a 
problem or symptom. Analyze system inputs. This identifies the 
subsection containing the cause of the problem. The subsection 
size is reduced, and the inputs are again analyzed. This 
continues until the unit operation producing the problem is 
identified. Then the operation of the identified unit should be 
checked. Ask key questions about each unit. Is there evidence of 
heat-exchanger fouling? Is the reflux ratio on the distillation 
column within its normal range? Are the temperature and 
pressure of the reactor at normal conditions? 


Phase 3. Determine the root cause of the problem or 
symptom by a detailed analysis of the unit operation identified 
in Phase 1 or 2. This is the remainder of the decide step. 
Normal operation is used as a base case. This is the first place 
where the utility flows are analyzed. This involves using 
heuristics (Chapter 11), operating conditions of special concern 
(Chapter 6), calculation tools, and other material presented in 
Chapters 19-23. 


Phase 4. Present all available evidence that establishes the 
root cause identified in Phase 3 as valid. Also, present any 
evidence that may not support the argument. Recommend 
action to be taken to correct the problem or treat the symptom. 
This is the implement step. 


Phase 5. Present an evaluation of any significant 
observations that resulted from your analysis that could impact 
this or other processes within your company. This is the 
evaluate step. If you identify process improvements or 
potential for future problems, you are acting professionally. 
This is true especially if the suggestions are related to the 
environment or safety of personnel. 

In summary, the cause of a change in output originates with 
a change in input and/or a change in process operation. Some 
possibilities are illustrated in Figure 24.2. This list is not meant 
to be exhaustive. It illustrates some possible causes for changes 
in output. The strategy discussed above is illustrated in the 
problems that follow. 


Process 


Inputs Outputs 


off-specification feed 
Look at Inputs ——{ _ 
Utility conditions 


Equipment malfunction 
Catalyst deactivated 


Look at Process 
Temperatures and pressures 


Fouled heat exchanger 


Leak in or out 

Contaminants in transport vessel 
Look at Storage and Transport Stored too long 

Storage conditions 

Reacting 


Figure 24.2 Suggestions for Solving Troubleshooting 
Problems 


24.2 TROUBLESHOOTING INDIVIDUAL 
UNITS 


The first two case studies presented involve troubleshooting 
individual pieces of equipment. Although real troubleshooting 
situations usually involve an entire process, the necessary skills 
can be developed on simpler problems such as the two 
presented in this section. 


24.2.1 Troubleshooting a Packed-Bed Absorber 


The first troubleshooting problem involves a packed-bed 
absorber. The absorber has been designed to remove a 
contaminant from an air purge stream and has been operating 
for some time as designed. Then it is observed that the outlet air 
contains more contaminant than it should. A similar problem 
involving a tray absorber is given at the end of the chapter. 


A packed absorber (Figure 24.3) has been designed to 
reduce the acetone concentration in 40 kmol/h of air 
from a mole fraction of 0.02 to 0.001. Acetone is 
absorbed into pure water at 20 kmol/h. Acetone is 
recovered from the effluent liquid, and the water, which 
is assumed pure, is recycled to the absorption unit. After 
a period of successful operation, it is observed that the 
exit acetone mole fraction in air is now 0.002. 


L=20kmol/h G 
XA, in = 0 a Ya, out = 0.001 


Water j P 

Packed Tower 
2.5 cm (1-in) Raschig Rings 
48 cm diameter 
IFE 
1.01 atm 

L __ n; G = 40 kmol/h 

XA out YA, in = 9.02 


Acetone in Air 


Figure 24.3 Packed Absorber for Troubleshooting 
Case Study 


The column is packed with 2.5 cm (1 in) Raschig rings 
and has a 48 cm diameter, which was obtained by 
designing for 75% of flooding. The column is assumed to 
operate isothermally at 27°C, and the nominal pressure is 
1 atm. Raoult’s Law is assumed, and the partition 
coefficient for acetone, m = y/x = P /P, where In P= 
10.92 — 3598/T(K), has been determined from tabulated 
data [2]. At 27°C and 1.01 atm, m = 0.337. 


This problem, which involves dilute solutions, can be analyzed 
using the Colburn graph, Figure 21.29. On this graph, the 
interrelationship between the number of transfer units, Nic, 
the absorption factor, A (A = L/mG), and the mole fraction is 
defined. The base-case point can be located. The y-axis is at a 
value of 0.05, and A = 1.48. This gives Nigg = 6.2. This is shown 
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as point “a” on Figure 24.4. 
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Figure 24.4 Use of Colburn Graph to Solve Example 24.1 


The first step is to verify that the acetone concentration has 
indeed increased. This might involve having an operator or 
technician make flow and concentration measurements on the 
effluent stream in question. It is assumed that the increased 
concentration at the normal flowrate has been verified. The next 


step in Phase 1 is to check process inputs and process operation 
(because only one unit is known to be involved) for potential 
causes for the observed change in output concentration. 
Changes in input are evaluated first. If the inputs are not found 
to be the cause of the problem, process operation is then 
investigated. Example 24.1 shows seven possible causes 
(“suspects”) for the observed change in output concentration. 


Example 24.1 


Generate a list of causes for the observed change in 
absorber output. First, examine input changes, and then 
examine process operation changes. 


The knowledge of packed-bed absorber performance 
illustrated on the Colburn graph is a good starting point. 
Any or all of these parameters could be different from 
design conditions. 


Potential input problems include the following: 


1. Increased Flowrate of Gas to Be Treated: A disturbance in A 
is a possible cause. Intuitively, if it is the gas rate, G, that has been 
disturbed, an increased gas rate would be the cause of an increased 
acetone concentration in the exit gas stream. This would result in a 
decrease in A. 

2. Decreased Flowrate of Water: This would also result in a 
decrease in A. 

3. The Water Does Not Enter Acetone Free: If the entering 
water contains acetone, intuitively, less acetone can be absorbed. 

4. There Is More Acetone in the Feed: If the mole fraction of 
acetone in the feed were increased, the same fractional removal of 
acetone from air would result in a higher acetone mole fraction in 
the exit air stream. 


These four items would be checked first to determine 
whether they are the cause of the faulty absorber 
performance. If they were not found to be the cause, the 
process operation would be investigated. Potential 
process operation problems include the following: 


5. A Decrease in Column Pressure: Intuitively, a decrease 
in column pressure favors the vapor phase. Mathematically, 
because A = L/mG, and m = P JP, a decrease in P increases 
m, causing a decrease in A. 

6. An Increase in Column Temperature: Intuitively, an 
increase in column temperature favors the vapor phase. 
Mathematically, because P increases with temperature, so 
does m, causing a decrease in A. 

7. There Is Channeling in the Packed Bed: If there were 
channeling in the packed bed, not all of the available (and 
designed for) mass transfer area would be used. This could 
cause faulty absorber performance. 


To reiterate, the process inputs would be checked. If they 
were not found to be the problem, then process operation would 
be investigated. The next step would be to check for fully open 
or closed control valves. In this problem, it is assumed that 


control valves are still controlling and are not the cause of the 
observed problem. Phase 2 is also not applicable because there 
is only one unit operation involved in this problem. 


Phase 3 involves a detailed analysis of the suspects. In 
Example 24.1, Items 1, 2, 5, and 6 can be represented on the 
Colburn graph. For these items, the diagnosis is that the 
absorption factor has decreased, which moves the operating 
point for the column vertically at constant Ntog = 6.2 to point 
“b.” The new absorption factor is 1.15. The problem could be in 
any (or a combination of all) of the parameters of the absorption 
factor. L could have decreased to 17,391 mol/h, or G could have 
increased to 46,000 mol/h. Alternatively, the value of m could 
have changed to 0.388, meaning that the temperature of the 
column increased to about 30°C (30.5°C), or that the column 
pressure decreased to 0.87 atm. However, because the air 
stream discharges to the atmosphere, a decrease in column 
pressure below 1 atm is not possible. 


There is an alternative diagnosis, however, which is Item 3 
in Example 24.1. The operating point can remain fixed in the 
original position (point “a”), but the outlet acetone 
concentration in air increased due to the presence of acetone in 
the water fed to the column. This makes the second term in the 
numerator and denominator of the y-axis nonzero. Solution for 
the inlet acetone concentration in water yields a mole fraction of 
0.00312. 


Thus far, five possible causes for the observed increase in 
outlet acetone concentration in air have been identified. There 
are certainly additional possible causes, some of which are 
associated with equipment operation such as liquid 
distribution, channeling, and fouling, which could also 
contribute to the observed performance decrease. One of these 
is identified as Item 6 in Example 24.1. 

At this point, there is not enough information given to 
complete Phase 3 to identify the root cause of the problem. The 
next step would be to measure the input flows and 
concentrations, column temperature, column pressure, and 
column pressure drop (a measure of channeling). This should 
allow identification and verification of the root cause of the 
problem. 

If the root cause of the reduced performance of the absorber 
is understood, then possible methods of compensation are 
straightforward (Phase 4). Here, it is assumed that 
compensation cannot be achieved by altering the cause of the 
disturbance; that is, if the cause is an increased gas rate, then 
the gas rate cannot be lowered. However, in the context of a 
chemical process, the possibility of reversing the disturbance 
should be investigated. 

If the gas rate is too high, the liquid rate can be increased to 
compensate. However, flooding could become a problem, 
especially if both gas and liquid rates are increased. The 
Colburn graph does not account for flooding, which is specific to 


a given packed column. 


If the liquid rate is too low, it is unlikely that the gas rate can 
be decreased without scaling down the entire process. A better 
choice might be to decrease the temperature of the absorber to 
22°C, increase the pressure in the absorber to 1.15 atm, or make 
a combination of changes in temperature and pressure, in order 
to make the absorption equilibrium more favorable and bring 
the absorption factor back to a value of 1.48. 

If a temperature increase is the problem and altering 
flowrates is not desirable due to flooding considerations, one 
possible compensation is to alter the pressure (usually difficult 
for these types of problem). Another might be to decrease the 
temperature of the water used to remove the acetone from the 
air. Increasing the liquid rate moves the column toward 
flooding, but a small increase should not be a serious problem. 


Finally, if the cause of the disturbance is acetone in the 
water, compensation can be accomplished by decreasing the 
temperature, increasing the liquid rate, or increasing the 
pressure. For this situation, the stripping column used to 
remove scrubbed acetone from the water stream should also be 
investigated, because the cause of the faulty absorber 
performance may lie in an adjacent piece of equipment. 


In general, adjusting the temperature or pressure is 
probably the best method of compensation, because flooding is 
not an issue. Of course, there can be multiple causes of the 
disturbance, and compensation can be achieved by adjusting 
two variables by smaller amounts rather than by adjusting only 
one variable. 

As an example of Phase 5, suppose that the root cause was 
determined to be an increase in acetone content of the scrubber 
liquor (water). It is necessary for you to notify anyone else using 
the same water supply of the acetone contamination. Similarly, 
suppose that channeling in the absorber was identified as the 
problem. It is necessary to report the operating conditions that 
caused the channeling to other parts of the company using the 
same packing material. 

To review, this relatively simple problem illustrates how 
there can be multiple possible causes and multiple solutions to a 
troubleshooting problem. The strategy presented here for 
solving troubleshooting problems was illustrated. 


24.2.2 Troubleshooting the Cumene Process Feed Section 


This problem deals with the feed section to the cumene process 
in Appendix C, Figure C.8. This problem is actually part of the 
problem presented in Appendix C, and the process flowsheet 
along with calculations associated with the pumps can be found 
there. The problem is restated here. 


A problem has recently arisen regarding the feed pumps 
to the cumene process. A maintenance check showed that 
P-802 (propylene feed pump) needed a new bearing, and 


a new one was installed. Premature bearing failure in this 
pump, often associated with cavitation, has occurred 
several times. The latest problem occurred during a 
recent warm spell, when the ambient temperature 
reached 110°F. The same maintenance check showed that 
P-801 (benzene feed pump) was fine. The ambient 
temperature has now returned to an average of 70°F, and 
both pumps seem to be working fine. Suggest a diagnosis 
and a method for compensation for the problem with P- 
802. In the process description in Appendix C, it is stated 
that propylene is stored in a tank as a saturated 
vapor/liquid mixture with liquid drawn from the tank as 
feed, and that liquid benzene is stored in a tank (most 
likely with an inert vapor blanket such as nitrogen) at 
atmospheric pressure. 


In this case, the problem is immediately verified; the bearing 
had to be replaced. A check of the pump input might identify a 
contaminant that could have caused the bearing to deteriorate. 
It is assumed that no such contaminant was found. Because the 
unit operation producing the problem has already been 
identified, the root cause of the problem must be identified 
(Phase 3). 

An intuitive understanding of pump operation suggests that 
the primary suspect is cavitation of P-802. This is consistent 
with the need for replacement of a bearing because cavitation 
can damage the internals of a pump. This may also be 
consistent with the recent warm spell, because the available Net 
Positive Suction Head, NPSH,, often decreases at higher 
temperatures due to increasing vapor pressure. Recalling the 
discussion in Section 19.5.2, 


NPSH4 = Pinet — P* (24.1) 


Because the vapor pressure P* increases with increasing 
temperature, it seems logical that the available NPSH decreased 
during the warm spell, causing cavitation that damaged the 
pump bearing. Example 24.2 shows the results of an analysis of 
the propylene feed pump. 


Example 24.2 


Calculate the NPSH, for the propylene feed pump under 
normal ambient conditions (70°F) and for the warm spell 
(110°F). 

Equation (24.1) can be rewritten as in Section 19.5.2, 
with an expression for Pinjez substituted. 


NPSH, = Prank F BP uate F A Pfriction — P* (E24.2) 
2pf Leu? P 
= Prank + pgh — 2a _ p 


For the case of propylene being stored as a vapor/liquid 
mixture, the pressure in the tank is equal to the vapor 


pressure. As a consequence, NPSH, does not change 
with temperature because Piang = P*. Therefore, the 
NPSH, = 7 feet of liquid at the level alarm low (LAL— 
the tank level at which an alarm goes off warning of too 
low a liquid level in the tank) in the tank at all 
temperatures, as per the calculations shown in Appendix 
C. 


The lesson learned from Example 24.2 is that although a belief 
in the understanding of how equipment works can help you 
focus on a solution to a troubleshooting problem, the tendency 
to focus on the first solution or on only one solution can lead to 
an erroneous solution. 


Resist the temptation to focus on only one solution or 


the first solution that comes to mind. 


The reason why the pump malfunctioned is still not clear. If 
cavitation were the reason, the NPSH, expression should be 
investigated further. It is now known, for this situation, that 


NPSH, — APs + AP ictivn (24.2) 


reasons must be sought why this expression may have 
decreased in value. There may be reasons for the pump 
malfunction not associated with the NPSHy,. Therefore, five 
additional possibilities that should be analyzed (Phase 3) for 
causing the pump malfunction are as follows: 


1. 


The static pressure has decreased. Perhaps the level in the tank has fallen 
below the low alarm level and the alarm has failed. Therefore, these items 
should be checked. 

The frictional pressure has increased. Perhaps the flowrate from the tank 
has increased, causing an increase in frictional losses. The flowrate 
monitors and the settings on the control valve after the pump should be 
checked. This scenario would have additional consequences, because an 
increased propylene flowrate would have an effect on reactor conversion 
and possibly on product production rate and purity. Therefore, the 
flowrate and purity of the reactor effluent should also be checked. 

The bearing in the pump wore out with age. Just because pump cavitation 
often causes damage to pump internals such as bearings does not mean 
that it was the cause of this pump’s malfunction. Given the analysis above, 
it is possible, indeed likely, that the pump malfunction observed here was 
simply caused by a worn bearing. 

Mechanical problems in the pump. The bearing could be wearing out 
prematurely due to poor shaft alignment within the pump. 

There is a manufacturing defect within the pump. If the pump shaft or 
other internals were defective (incorrect size, for example), the bearing 
might wear out prematurely. 


The recommended action (Phase 4) will depend upon which 


(if any) of the five causes of bearing failure listed above is 


identified to be the problem. If problems are found with the 
pump (Item 4 and/or 5), it would be appropriate for you to 

notify others in your company using the same pump or similar 
pumps from the same manufacturer of the problem you have 


had with your pump. 


24.3 TROUBLESHOOTING MULTIPLE 
UNITS 


In this section, two troubleshooting case studies are presented 
that involve multiple unit operations. One of the lessons of 
these case studies is that the symptoms of a problem are not 
necessarily observed at the source of the problem. In these two 
case studies, only one solution is discussed. Generation of 
alternative possibilities is the subject of problems at the end of 
the chapter. 


24.3.1 Troubleshooting Off-Specification Acrylic Acid Product 


This problem concerns an acrylic acid production process 
similar to the one in Appendix B, Figure B.9.1. The process flow 
diagram, stream flows, and equipment specifications are 
presented there. 


At another acrylic acid plant owned by your company, 
process shutdown for modifications and improvements 
has recently been completed, and the process has been 
started up once again. Customers have begun to 
complain that the acrylic acid product does not appear to 
be meeting specifications. They have observed that the 
acrylic acid has a yellowish color, which is different from 
the clear liquid they had previously received. Their tests 
also found that the viscosity of the acrylic acid has 
increased. 


The following process modifications were completed 
during the recent shutdown: 

1. Anew catalyst that is supposed to minimize side reactions was 
installed in the reactor. The reactor specifications were not 
changed. 

2. Anew solvent is now being used in the extraction unit. It is less 
expensive than the previous solvent, and the performance of the 
extraction unit is supposed to be unchanged. No modifications 
were made to the extraction equipment. 


3. As a cost-cutting measure, refrigerated water (entering at 10°C) has 
been replaced by cooling water (entering at 30°C) in the acrylic 
acid purification column. The column has 25 actual trays with 2.25- 
in weirs, a total condenser, and a partial reboiler. 

The following operating restrictions are also known: For 

the new catalyst, the operating range is between 250°C 

and 350°C and between 1 bar and 5 bar. Once the acrylic 
acid has been produced and condensed into the liquid 
phase, the temperature is to be maintained below 90°C 
to avoid polymerization of the acrylic acid. 


The first step is to verify the problem. Assume that you had a 
technician take a sample of acrylic acid product, and the 
yellowish color and increased viscosity were both verified. This 
means that the problem is not in the shipping and storage steps 


but is within the plant. Therefore, the problem is yours, not the 
customer’s. Further, assume that all process inputs have been 
checked and found to be within normal operating conditions, 
and that a check has found no control valves to be fully open or 
closed. 

There are several possible causes for the off-specification 
acrylic acid product. The most likely causes are changes that 
may have occurred during shutdown. Perhaps the new catalyst 
is not performing as designed. Perhaps the new solvent is 
contaminating the product. The reactor effluent and the 
extractor effluent streams should be checked for contamination. 
Suppose that has been done, and everything has been found to 
be within normal conditions. Therefore, the most likely cause 
involves the temperature in the acrylic acid distillation column. 
In this column, acrylic acid and acetic acid are separated. It will 
be assumed that this is a simple binary distillation. 

There must have been a reason for using refrigerated water 
in the distillation column prior to the recent shutdown. This can 
be understood using the following analysis. From tabulated data 
[2], the following vapor pressure expressions can be obtained 
for acrylic acid and acetic acid: 


age eo * - 5450.06 
Acrylic acid: In P* (mm Hg) = 19.776 — TEO (24.3) 


Acetic acid: InP* (mm Hg) = 18.829 — TT (24.4) 
Because acrylic acid is the heavier component, the bottom of the 
column must remain below 90°C to avoid undesired acrylic acid 
polymerization. From Equation (24.3), assuming that pure, 
saturated acrylic acid leaves the bottom of the column, the 
pressure at the bottom of the column is 118 mm Hg, which is 
5.26 ft of liquid, assuming that liquid acrylic acid and liquid 
acetic acid have the same density as liquid water. The pressure 
drop per tray will be approximated by the height of liquid on the 
tray. The height of liquid on each tray will be approximated by 
the weir height. Because there are 25 trays, the pressure drop in 
the column is 


25 trays [(2.25/12) ft liquid/tray] = 4.69 ft liquid 


Therefore, the pressure at the top of the column is 5.26 — 4.69 = 
0.57 ft liquid = 12.8 mm Hg. From Equation (24.4), assuming 
pure, saturated acetic acid at the top of the column, T = 21°C. 
Because cooling water enters at 30°C, it is not possible to 
condense acetic acid at 21°C with cooling water. This is why 
refrigerated water was used in the original design. 

The above discussion suggests that the switch to cooling 
water could be one reason for the off-specification acrylic acid 
product. With cooling water available at 30°C, it is not possible 
for the top of the column to be less than 30°C, which places a 
lower bound on the top pressure of the column. Because the 
pressure drop in the column is essentially fixed by the weir 


height on the trays, there is also a lower bound on bottom 
pressure in the column, which places a lower bound on the 
bottom temperature, which is greater than 90°C, thereby 
promoting polymerization. Apparently, this column has no 
control room pressure reading (perhaps the instrument is out of 
order). Therefore, an operator would be sent to measure the 
pressure at the top of the column. 


There is one simple remedy. Refrigerated water should be 
used in the condenser. If this is not desirable for the long term, 
the incremental economics of modifying the trays to have lower 
weirs (or using a low pressure drop, high efficiency packing) 
could be considered, which could happen only at the next plant 
shutdown. It is also necessary for you to report this problem to 
any other plants within your company making acrylic acid so 
that they can avoid (or correct) problems arising from the use of 
cooling water instead of refrigerated water. 

It is observed that rough calculations involving certain 
reasonable, simplifying assumptions were used to obtain an 
approximate result very quickly. It is neither necessary nor 
desirable to do detailed calculations when screening alternatives 
in a troubleshooting problem. The approximations that were 
made to facilitate a rapid calculation for the distillation column 
were that the top and bottoms products were pure and that the 
height of liquid on the trays equaled the weir height. Although 
these are not exactly true, detailed calculations would show that 
these are good approximations. 


When screening alternatives, rough calculations using 


reasonable approximations are more useful than 
detailed simulations. 


24.3.2 Troubleshooting Steam Release in Cumene Reactor 


This problem involves the reactor in a cumene process similar 
to the one in Appendix C, Figure C.8. The process flow diagram 
is presented in Appendix C. 


A company has been testing a new cumene catalyst at a 
facility producing the identical amount of cumene as the 
one in Appendix C. The new catalyst completely 
suppresses the undesired DIPB formation reaction. 
However, the reaction rate for the desired reaction is 
lower. Therefore, when the new catalyst is used in the 
existing reactor, a single-pass conversion of only 50% is 
obtained. This new catalyst, which is less expensive than 
the previous catalyst, is known to have a higher initial 
activity that decays rapidly to constant activity. During 
the initial activity period, a 33% increase in cumene 
production has been observed. The operating parameters 
of the benzene distillation column have been altered, the 
recycle benzene stream has been increased, the DIPB 
column has been taken off-line, and the plant has been 


producing cumene successfully. 

The reactor for cumene production, which is shown in 
Figure 24.5, is of the shell-and-tube design, with catalyst 
in the tubes and boiler feed water vaporized to form 
high-pressure steam in the shell. The pipe to the steam 
header is 2-in schedule 40 and contains 32.5 m of 
equivalent pipe length after the regulating valve. Under 
normal operating conditions, the pressure drop across 
the regulating valve is 50 kPa. There is a pressure-relief 
valve on the shell side of the reactor rated at 4500 kPa. 
The tubes are completely submerged in the boiler feed 
water. As part of the test of the new catalyst, the plant 
has been shut down briefly every three months for the 
past year, and the catalyst has been replaced so that the 
spent catalyst could be studied. 
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Figure 24.5 Cumene Reactor in Case Study 


After start-up subsequent to each shutdown, the 
pressure-relief valve on the shell side of the reactor has 
opened periodically for a few days. Because only steam 
was released and itis not in a part of the plant where 
anyone could be harmed, the problem was attributed to 
start-up transients and was ignored. A recent safety audit 
has resulted in the suggestion that the cause of this 
problem be identified and corrected. 


The problem is verified by the observation of a steam 
release. Assume that you have checked all process inputs, the 
operation of all other units, and control valves and you have 
decided that the problem must be at the reactor. A check of the 
reactor feed and the boiler feed water input reveals normal 
conditions. Therefore, the problem must be with reactor 
operation, which points to the higher-activity catalyst. 

First, it is necessary to calculate some operating parameters 
for the design conditions. Under normal operating conditions, 
from Appendix C, the heat generated in the reactor is 9800 


MJ/h. The amount of steam formed can be calculated from 
Q = Mstm [Cp (Toimi — ThA) F Astm] (24.5) 
Solving for the mass flow of steam yields 


9, 800, 000kJ /h 
[4.35kJ /kg°C(256 — 90°C) + 1700kJ / kg] 
= 4046 kg/h 


Mstm = 


Here, the heat capacity of water is taken at an average 
temperature of 173°C, and the temperature of steam formed in 
the shell corresponds to the pressure in the shell calculated 
below. Because high-pressure steam is made, the pressure of 
steam downstream of the reactor is that of high-pressure steam, 
4237 kPa. Under design conditions, the pressure of steam in the 
reactor exceeds this value to account for the pressure drop in 
the pipe leading to the steam header and across the regulating 
valve. The density of the steam varies with the pressure. It will 
be assumed that the average steam conditions between the 
reactor shell and the steam header are 255°C and 4300 kPa. At 
these conditions, the density of steam is about 17.6 kg/m*. For 
2-in schedule-40 pipe (D = 0.05250 m), at the given mass flow 
and density of steam, the velocity in the pipe is 28.3 m/s, so the 
Reynolds number is 


Re — (0.0525m) (28.3m /s)(17.6kg /m) 


= 1.39 x 10° 
1.88 x 10 °kg/ms 


For commercial steel pipe, e/d = 4.6 x 10° m/0.0525 m = 
0.0009. From Figure 19.6, the friction factor f = 0.009. 
Therefore, the pressure drop in the pipe leading to the steam 
header is 


2fpLequ’ 

D 
__ 2(0.009)(17.6kg / m3) (32.5m) (28.3m /s)” 
7 0.0525m 


A= 


= 157kPa 


The pressure in the reactor shell, under normal conditions, is 
the pressure at the steam header plus the pressure drop in the 
pipe plus the pressure drop across the valve, which is 


Pror = 4237 + 157 + 50 = 4444 kPa 


The situation immediately after catalyst replacement can be 
analyzed using base-case ratios. If the activity of the new 
catalyst is higher than that of the old catalyst, then the reaction 
rate is increased. Because the only reaction involved is for 
cumene production, 33% more steam is produced. Therefore, 
the steam velocity in the pipe leading to the steam header is 
increased by 33%. Because the flow is fully turbulent, the 
friction factor remains constant, and, assuming unchanged 
density, 


2 
AP» PO U2 pa ya 
ae (=) = 1.332 =1.77 (24.6) 
where subscript 2 refers to new conditions and subscript 1 
refers to design conditions. Therefore, 


AP» = 157kPa(1.77) = 278kPa 


If it is assumed that the control system has responded by 
opening the regulating valve completely, so there is no pressure 
drop across the valve, then the pressure in the reactor shell is 


Pray = 4237 + 278 = 4515kPa 


which exceeds the rating for the pressure-relief valve, causing it 
to open and release steam. 

Now that the problem has been identified, the next question 
is how to compensate for this problem. It is likely that necessary 
changes can be made only during the next shutdown, which is 
not a problem because there are no releases for most of an 
operating cycle. One alteration would be to reset the pressure- 
relief valve to a higher pressure. Caution is warranted here 
because the 4500 kPa limit was originally chosen for a reason. 
The pressure ratings for the materials of construction and 
reactor design should be checked very carefully to determine 
their limits. 

Another simple solution would be to replace the line leading 
to the steam header with larger-diameter pipe. The next larger 
size, 2.5-in schedule 40, has a diameter D = 0.06271 m. Using a 
relationship from Chapter 19, a base-case ratio at the original 
flowrate is 


AP, _(D,\° _ (0.05250 coped 

AP, \Do/] ~~ \0.06271) ` 
So the pressure drop, under normal operating conditions with 
the new pipe, is 


AP, = 157 kPa(0.41) = 64.4 kPa 


and the pressure drop with the new pipe with increased catalyst 
activity is 


AP, = 64.4 kPa(1.77) = 114 kPa 
and the pressure in the reactor is 


Prxp = 4237 + 114 = 4351 kPa 


With the larger-diameter pipe, it is possible for there to be a 
pressure change across the regulating valve without exceeding 
the cutoff pressure of the relief valve. 

Finally, you should report these results and explanations 
clearly so that proper modifications can be made in similar 
plants prior to switching to the new catalyst. 


24.4 A PROCESS TROUBLESHOOTING 
PROBLEM 


In this section, a troubleshooting problem involving an entire 
process is presented [3]. It is based on the production of 
cumene problem presented in Appendix C, Figure C.8. The 
process flowsheet and stream flow table are included in 
Appendix C. 


Lately, Unit 800 has not been operating within standard 
conditions. There is a new supplier of propylene; 
however, the contract guarantees that the new propylene 
feed will contain less than 5 wt% propane. 


Upon examining present operating conditions, the 
following observations were made: 


1. Production of cumene has dropped by about 8%, and the reflux in 
T-801 was increased by approximately 8% in order to maintain 
99 wt% purity. The flows of benzene (Stream 1) and propylene 
(Stream 2) have remained the same. Pressure in the storage tanks 
(not shown on the flowsheet) has not changed appreciably when 
measured at the same ambient temperature. 

2. The amount of fuel gas being produced has increased significantly 
and is estimated to be 78% greater than before. Additionally, it 
has been observed that the pressure control valve on the fuel gas 
line (Stream 9) leading from V-802 is now fully open, whereas 
previously it was controlling the flow. 

3. The benzene recycle, Stream 11, has increased by about 5%, and 
the temperature of Stream 3 into P-201 has increased by about 
3°C. 

4. Production of steam in the reactor has fallen by about 6%. 

5. Catalyst in the reactor was changed six months ago, and previous 
operating history (over the last ten years) indicates that no 
significant drop in catalyst activity should have occurred over this 
time period. 

6. p-diisopropyl benzene (p-DIPB) production, Stream 14, has 
dropped by about 20%. 


Suggest possible causes and potential remedies for the 
observed problems. 


The reactions are as follows: 


Cz3H,e + CpeHe > CoHAi2 (24.7) 


propylene benzene cumene 
Cs He + Cy H12 =? C12 Hig (24.8) 
propylene cumene p-dtisopropyl benzene 


Assume that all of the above symptoms have been verified. The 
next step would be to check process inputs, which might reveal 
off-specification feed. This might immediately identify the 
problem. A check of the control valves verifies that only the 
valve in Stream 9 is fully open, as stated in Observation 2. If 
there were no problems with the feed, the next step would be to 
check the individual units to determine which ones were not 
operating within normal limits. As part of Phase 2, analyze the 
six observations above to determine what they suggest. 


An analysis of the six observations above suggests the 


following: 


1. 


6. 


Observation 1 suggests that either less cumene is being produced in the 
reactor or that significant cumene is being lost as fuel gas. If it is assumed 
that the feeds are unchanged, these are the only possibilities. 

Observation 2 suggests that the fuel gas rate has increased significantly. 
Components of fuel gas could be cumene, unreacted propylene and 
benzene, propane, and p-DIPB. 

Observation 3 suggests that additional benzene is being processed in the 
distillation column. The temperature increase could be due to the increased 
concentration of benzene relative to propane and propylene at the top of T- 
801. 


Observation 4 suggests that less cumene is being formed in the reactor. This 
is the opposite situation to that in the case study presented in the previous 
section. 

Observation 5 suggests that catalyst deactivation should not be a problem. 
This does not necessarily guarantee that catalyst deactivation is not a 
problem. 

Observation 6 suggests that the selectivity for the desired reaction, 
Equation (24.7), has increased. 


Among the possible causes of some of these observations are the 
following: 


1. The propylene feed contains propane impurity in excess of 5 wt%. Even 
though the new supplier claims that the propylene meets specifications, it 
is possible that the propylene is off-specification. This would be verified in 
Phase 1. If the propylene feed contains undetected excess propane, it is 
likely that the feed rate would be unchanged. (This could also be verified.) 
Therefore, the concentration of propylene in the reactor feed would 
decrease, thereby decreasing the reaction rate. Conversion in the reactor 
would then decrease. An examination of Figure 24.6, the approximate 
reactor profiles, shows that a decrease in reactor conversion would have a 
larger percentage effect on the p-DIPB, because its concentration is lower. 
Examination of the kinetics, which are based on the assumption that 
Equations (24.7) and (24.8) are elementary steps, also supports this 
diagnosis. If the concentration of propylene is decreased, the rates of 
Equations (24.7) and (24.8) decrease. This decreases the concentration of 
cumene in the reactor, which causes the rate of Equation (24.8) to 
decrease even further, reducing the p-DIPB concentration more than the 
cumene concentration. If this reactor scenario were true, then there would 
be additional propane leaving the reactor. This would increase the flow of 
fuel gas, which is mostly propane and propylene, and increase the recycle, 
which is mostly benzene. It is seen that this scenario is consistent with all 
six observations. 


2. 
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Figure 24.6 Concentration Profiles in Reactor for Case 
Study 


The catalyst is defective and has begun to deactivate. This could be 
checked by analyzing samples of the reactor input and reactor output. If 
the catalyst is defective and has begun to deactivate, all reaction rates 
would decrease. This would result in less cumene and p-DIPB and more 
unreacted benzene and propylene. This scenario is consistent with five of 
the six observations. Because the possibility of bad catalyst must be 
acknowledged, this scenario is also possible. 

Reactor temperature has decreased. This could be checked in the control 
room, but the possibility of a faulty thermocouple or indicator should also 
be considered if the “correct” temperature was observed. A decrease in 
reactor temperature would result in decreased reaction rates. 
Qualitatively, the results are similar to those for deactivated catalyst in 
Item 2. 


Reactor pressure has decreased. This could be checked in the control 
room, but the possibility of a faulty pressure transducer or indicator 
should also be considered if a “correct” pressure was observed. A decrease 
in reactor pressure would result in a decrease in all gas-phase 
concentrations and a decrease in all reaction rates. Qualitatively, the 
results are similar to Items 2 and 3. 

The flow controllers on Streams 1 and/or 2 have failed. Suppose that the 
benzene flow were increased or the propylene flow were decreased. The 
benzene concentration would increase, which would increase the excess 
benzene and increase the selectivity for the desired reaction. This is 
consistent with the last observation above. If this were not observed in the 
control room, the possibility of faulty instrumentation should be 
considered. 

The temperature and/or pressure in V-802 is not at specification. This 
could be checked, but a “correct” reading could be due to faulty 
instrumentation. If the temperature and/or pressure in the flash vessel 
were incorrect, the desired separation would not be accomplished. If the 
temperature were too high and/or the pressure were too low, additional 
fuel gas would be produced, causing less cumene to leave as product and 
less benzene in the recycle. If the opposite were true, additional feed to 
the distillation column would be produced, which could cause flooding in 
the column and compromise the desired separation. 


The problem stems from a combination of any or all of the above items. 
There is no guarantee that the problem has only one cause. Therefore, 
combinations of the above possibilities should be considered. 


An examination of Items 1-7 suggests that taking a sample 


of the fuel gas would identify the root cause of the problem. If 
there was too much propane in the fuel gas, the problem would 
be with the feed. If there was too much benzene in the fuel gas, 
the problem would be reduced conversion in the reactor. If 
there was too much or too little cumene in the fuel gas, the 
problem would be that the temperature and/or pressure of the 
flash was incorrect. 


The next question is how to remedy the problem. It is not 
always necessary to identify the cause of a problem in order to 
begin to compensate. However, it is necessary to identify the 
problem to ensure that it does not recur. It is also necessary to 
be certain that what appears to be a remedy is not itself a 
problem. For example, if the propylene feed contains excess 
propane or if the catalyst was deactivated, it would still be 
necessary to find a way to compensate temporarily until new 
feed and/or catalyst could be obtained. Also, detailed 
quantitative solutions may not be necessary as long as the 
qualitative trends are understood. 


In order to suggest remedies, it will be assumed that the 
cause of the observed process upset is in the process feed and in 
the reactor (Items 1 and 2). Possible remedies include, but are 
not limited to, the following: 


1. Increase the temperature in the reactor. Intuitively, this seems like a 
reasonable possibility. However, Chapter 22 should be consulted for the 
limitations associated with increasing reactor temperature. Increasing the 
reactor feed temperature can be accomplished by increasing the air and 
natural gas flows to the fired heater, but the reactor operation is limited by 
heat transfer. Increasing the reaction temperature increases the reaction 
rate exponentially, so a large temperature increase should not be needed. 
However, increasing the inlet temperature does not guarantee that the 
reactor operation will change appreciably. One consequence of increasing 
reactor temperature is that the temperature of the boiling water used to 
remove the heat of reaction must increase. This requires an increased steam 
pressure. It must be determined whether the materials of construction of 
the reactor can withstand the required pressure increase. The temperature 
limitations of the catalyst support and of catalyst activity must also be 
considered. Increasing the temperature high enough to damage the catalyst 
is an example of the remedy causing another problem. 

2. Increase the pressure on the process side of the reactor. 
Increasing the pressure in the reactor can be accomplished by closing the 
valve after the reactor. The increase in pressure increases the reaction rate 
by increasing the concentration. The effect is not as significant as for 
temperature, because temperature increases the reaction rate 
exponentially. 

3. Increase the flow of propylene feed. Increasing the propylene feed can 
be accomplished only by using the spare pump (P-802B) in series or in 
parallel with the operating pump (P-802A), due to limitations in pumping 
capacity shown on the pump and system curve plot, which is shown in 
Appendix C. In principle, the flow of propylene can be increased enough so 
that the specified cumene production rate is achieved in the reactor. 
However, it must be determined how each piece of equipment will perform 
when subjected to the increased capacity and concentration changes caused 
by this remedy. 


There are several lessons to be learned from this process 
troubleshooting problem. As discussed earlier in this chapter, it 
is important not to focus on one possible solution to the 


exclusion of others. It is important to consider as many 
alternatives as possible. Several possible causes were presented 
here for the observed process upsets. Without detailed 
measurements and/or simulations, which take more time to 
perform, the other possibilities could not be ruled out. They 
would cause the same qualitative trends, but different 
quantitative values for the upset parameters. 

It is also important to observe that a problem in the reactor 
was manifested in process locations far removed from the 
reactor: the fuel gas, the benzene recycle, the cumene 
production rate, and the p-DIPB production rate. 


The cause of an observed process upset may be located 


in a different part of the process. 


Finally, if the problem was identified to be impure propylene 
feed or defective catalyst, it would be necessary to report this 
problem to other plants in your company using the same 
propylene feed supplier or the same catalyst. 


24.5 DEBOTTLENECKING PROBLEMS 


In the course of operating a chemical process, it may become 
necessary to modify operating conditions. Possible changes 
include scale-up, scale-down, handling a new feed composition, 
and so on. A bottleneck is defined as the part of the process that 
limits the desired change. Troubleshooting the bottleneck is 
called debottlenecking. Debottlenecking is a sequential process. 
A bottleneck is identified and removed. The next bottleneck is 
then identified and removed, and so on. The removal of these 
bottlenecks does not usually involve a large capital investment. 

The performance of a heating loop problem for the allyl 
chloride reactor given in Appendix C will be evaluated. It is 
necessary to scale up production of the allyl chloride facility (see 
Appendix C, Figure C.3) due to an unscheduled shutdown at a 
similar facility owned by the same company. The problem is to 
determine the maximum level of scale-up possible for the allyl 
chloride facility. Therefore, it is necessary to determine the 
maximum scale-up possible for the reactor. 

The problem to be analyzed is illustrated in Figure 24.7. It is 
a part of the allyl chloride problem discussed in more detail in 
Appendix C. 
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Figure 24.7 Dowtherm A Loop for Allyl Chloride Reactor 
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Due to an emergency, an unscheduled shutown at an 
another allyl chloride production plant operated by your 
company, it is necessary to increase production 
temporarily at your plant. Your job is to determine the 
maximum scale-up possible for the allyl chloride 
production reactor. The reactor is a fluidized bed, with a 
cyclone for solids recovery, operating isothermally at 
510°C. The reactor is operating at two times the 
minimum fluidization velocity. Based on the cyclone 
design and the solids handling system, it is known that 
an increase of at least 100% of process gas flow can be 
accommodated. The reaction proceeds to completion as 
long as the reactor temperature remains at 510°C. A 
temperature increase destroys the catalyst, and a 
temperature decrease results in incomplete reaction and 
undesired side products. The reaction is exothermic, and 
heat is removed by Dowtherm A circulating in the loop. 
The maximum operating temperature for Dowtherm A is 
400°C, and its minimum operating pressure at this 
temperature is 138 psig. There are two heat-exchanger 
units in the reactor, and they are currently operating in 
series. The heat transfer resistance on the reactor side is 
four times that on the Dowtherm A side. The inside of the 
reactor is always at 510°C due to the well-mixed nature of 
the fluidized solids. There is a spare pump to circulate 
the Dowtherm A. High-pressure steam is made from 
boiler feed water in the heat exchanger. The boiler feed 
water is available at 90°C and has been pumped to 600 
psig by a boiler water feed pump that is not shown. The 
pool of liquid being vaporized can be assumed to be at 
the vaporization temperature, 254°C. All resistance in the 
heat exchanger is assumed to be on the Dowtherm A 
side. At normal operating conditions, Dowtherm A 
circulates at 85 gal/min in the loop. The temperatures of 
each stream are shown in Figure 24.7. The pump curve 
for the pump in the loop is shown in Figure 24.8. 
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Figure 24.8 Performance of Dowtherm A Loop 


An energy balance on the process fluid in the reactor yields 
QR = nar AH,en (24.9) 


where ñc is the molar flowrate of chlorine (the limiting 
reactant), and the subscript R refers to the reactor. The heat of 
reaction term in Equation (24.9) is on a unit mole basis. 
Because the heat of reaction is constant during scale-up, 
Equation (24.9) shows that the amount of heat removed 
increases proportionally with the amount of scale-up. From this 
energy balance, there is nothing to suggest that the reactor 
cannot be scaled up by a factor of 2, the maximum allowed by 
the reactor. However, the question that must be answered is 
whether twice the heat can be removed from the reactor by the 
heat-exchange loop. An energy balance on the Dowtherm A in 
the reactor yields 


Qr = tmpCpp(Ts — T3) (24.10) 


where the subscript D refers to the Dowtherm A. From Equation 
(24.10), it is observed that the heat removal rate is proportional 
to both the mass flowrate and the temperature increase of the 
Dowtherm A. Therefore, the most obvious method is to increase 
the flowrate of Dowtherm A, so it is necessary to determine the 
maximum flowrate possible for Dowtherm A. Example 24.3 
illustrates this calculation. 


Example 24.3 


From the pump curve provided in Figure 24.8 determine 
the maximum possible flowrate for Dowtherm A in the 
loop. The pump operates at only one speed, described by 
the curve given in the figure. The pressure drops between 
streams are shown in Figure E24.3. 
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Figure E24.3 Pressure Drops in Dowtherm A Loop 
for Allyl Chloride Reactor 


The pump operates only at conditions shown on the 
pump curve. The pressure drop in the system and 
regulating valves must equal the pressure delivered by 
the pump. The base-case solution gives one point on this 
line (point “A”). Of this total pressure drop, 15 feet of 
water is from the control valve, which can be adjusted 
independently. The remaining pressure drop, 110 feet of 
water (125 - 15 feet of water), is the system pressure 
drop and is dependent on the flowrate through the 
system. The system pressure drop can be obtained from 
the equation for frictional pressure losses. 


2pf Legu? 
AP = ZF (E24.3a) 


Taking the ratio of Equation (E24.3a) for the scaled-up 
case (subscript 2) to the base case (subscript 1) for 
constant L, D, and the assumed constant friction factor 
(high Reynolds number, fully developed turbulent flow) 
yields 


uz me 
Te = = gp = M? (E24.3b) 
where M is the scale-up factor, the ratio of the scaled-up 
Dowtherm A flowrate to that for the base case. Equation 
(E24.3b) is plotted with the pump curve in Figure 24.8 
The maximum flowrate occurs when the valve is wide 
open. When the valve is wide open, there is no (or very 
little) pressure drop across the valve. This is shown as 
point “B” and occurs at 89 gal/min. 


Example 24.3 shows that the maximum scale-up is limited to 
about 5% by the Dowtherm A flowrate in the loop. A bottleneck 
has been identified. In order for additional scale-up to be 
possible, a method for increasing the maximum Dowtherm A 
flowrate must be found. Several options are possible: 


1. Run only one pump, but operate the reactor heat exchangers in parallel. 


2. Run both pumps (the operating pump and the spare) in parallel, with the 


reactor heat exchangers in series. 


3. Run both pumps in series, with the reactor heat exchangers in series. 


4. Run both pumps (series or parallel), and operate the reactor heat 
exchangers in parallel. 


Option 1 is illustrated in Example 24.4. 


Example 24.4 


Determine the maximum possible Dowtherm A flowrate 
for one pump operating with the two reactor heat 
exchangers operating in parallel. 


From Equation (E24.3a), it is seen that 
AP œ Lequ? (E24.4a) 


The equivalent length in the heat exchanger is reduced by 
half for operation in parallel. Half the flowrate goes 
through each heat exchanger, which means that the 
Dowtherm A has half the original velocity. Therefore, the 
pressure drop through the reactor heat exchangers drops 
by a factor of 8 and becomes 11.25 feet of water. The 
base-case pressure drop is now 31.25 feet of water. 
Therefore, a new system curve is obtained. Its equation is 


AP = 31.25M? (E24.4b) 


The new system curve along with the pump curve is 
plotted in Figure 24.8 Point “C” represents the maximum 
possible flowrate of Dowtherm A, 135 gal/min. This 
represents a 58.8% scale-up. 


Therefore, if only the original pump is used with the reactor 
heat exchangers in parallel, the Dowtherm A circulation rate 
can be increased by almost 50%. For Options 2 through 4, 
additional increases are possible. It should be noted that liquid 
velocities exceeding 10 ft/sec are not recommended due to 
potential erosion problems. Therefore, if the original case was 
designed for the maximum recommended velocity, operation at 
a 50% higher velocity for an extended period of time is not a 
good idea. Proceeding with this problem, the assumption is that 
the original design permits 50% scale-up without exceeding the 
maximum recommended velocity. 


Because the flowrate of the Dowtherm A can be scaled up by 
50% does not mean that the heat removal rate can be scaled up 
by the same factor. Analysis of the heat transfer in both heat 
exchangers is required. For the reactor, the energy balances 
were given by Equations (24.9) and (24.10) for the process side 
and the Dowtherm A side, respectively. The performance 
equation for the reactor heat exchanger is 


Gr =UpARATx (2411) 


For the heat exchanger producing steam, there are two 
additional equations. One is the energy balance on the boiler 
feed water to steam side: 


Qn = tits (Cosa AT + A) (24.12) 


where rhs is the mass flowrate of steam, AT is the temperature 
difference between the boiler feed water inlet and the 
vaporization temperature, and à is the latent heat of 
vaporization of the steam. The second equation is the 
performance equation for the heat exchanger: 


Qr =UnAnATim (24.13) 


The energy balance on the Dowtherm A side is identical (with 
the temperature difference reversed) to Equation (24.10). It is 
assumed that all heat removed from the reactor is transferred to 
make steam (Qpr = Qp). 

Therefore, there are five independent equations that 
describe the performance of the loop, Equations (24.9)—(24.13). 
The unknowns are T3, T4, Qr = Qn, Mp, Mp, and mg. For a 
given value of mp, the mass flowrate of Dowtherm A, a unique 
solution exists. The method for obtaining this solution is 
illustrated in Example 24.5. 


Example 24.5 


From a heat transfer analysis, determine the maximum 
scale-up possible for the allyl chloride reactor for the 
original case and for the case of one pump with the 
reactor heat exchangers operating in parallel. 


Ratios of the scaled-up case (subscript 2) to the base 
case (subscript 1) will be used. Q./Q, is the ratio of the 
heat transfer rates, M is the ratio of the mass flowrates of 
Dowtherm A, and M, is the ratio of the mass flowrates of 
steam. Only three of the five equations are coupled. Base- 
case ratios of Equations (24.10), (24.11), and (24.13) 
must be solved for T}, T,, and Q2/Q;. Then M, and M are 
determined from Equations (24.12) and (24.9), 
respectively. The value of Q./Q, defines the level of scale- 
up possible. 

The base-case ratios for Equations (24.10), (24.11), 
and (24.13) are 


Q: _ M(T —Ts) 


2 -= = (E24.5a) 
a = —— 0T) m (E24.5b) 
1 133.44(4 + a) In (si) 
Qz M°8 (Ty — Ts) 
eos ees a ee AE Be 
Qi 119.26 In (+3) 


For the case of maximum scale-up with the original heat- 
exchanger configuration, M = 89/85 = 1.05. The 
solutions are 


T, = 348.7°C 
T4 = 397.4°C 


Qo/Q, = 1.02 


From Equation (24.9), because Q./Q, = 1.02, and 
because the heat of reaction is constant, the process 
flowrate increases by 2%. So only 2% scale-up is possible. 

For one pump with the reactor heat exchangers in 
parallel, the mass flowrate in each reactor heat exchanger 
is half of the total flow. Therefore, Equation (E24.5b) 
becomes 


Q2? 5(T4 — Ts) 
133.44(44 (2) ) In (=) 
For M = 1.588, solution of Equations (E24.5a), (E24.5c), 


and (E24.5d) yields 


Tz = 331.7°C 
T4 = 367.8°C 
Qo/Q1 = 1.15 


Therefore, 15% scale-up is possible. 


Performance of the heat-exchange loop is illustrated on the T-Q 
diagram shown in Figure 24.9 The lines for the reactor and the 
steam-generating heat exchanger are unchanged. The line for 
the Dowtherm A changes slope as the mass flowrate, the reactor 
heat-exchanger configuration, or the number and configuration 
of pumps change. 
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Figure 24.9 Temperature Profiles for Exchangers in 
Dowtherm A Loop 


This complex problem illustrates an important feature of 
chemical processes. Often the bottleneck to solving a problem is 
elsewhere in the process. In this problem, the bottleneck to 
reactor scale-up is not in the reactor itself, but in the heat 


removal loop. Nevertheless, several alternatives are available to 
increase the Dowtherm A flowrate and scale up the process. 


For the problem in Example 24.3, it was determined that the 
pump in the Dowtherm A loop could handle only 5% increased 
flow, which allowed only 2% increased reactor operation. 
Within the reactor portion of the allyl chloride process, the 
pump is identified as the bottleneck. From the perspective of 
the entire process, assuming that all other units can be scaled 
up by more than 5%, the Dowtherm A loop is the bottleneck. It 
was shown that by operating the two reactor heat-exchange 
coils in parallel, the reactor could be scaled up by 15%. Altering 
configuration of the reactor heat-exchange coils is the act of 
debottlenecking the process. For this problem, it can be shown 
that additional scale-up in the reactor and Dowtherm A loop is 
possible by operating the pump and the spare either in series or 
in parallel. Suppose that the maximum scale-up were now 
found to be 25%. What if one of the distillation columns 
downstream could handle only 20% increased throughput 
before flooding? Then the distillation column would become the 
new bottleneck. The focus would now be on methods for 
debottlenecking the distillation column. If this were possible, 
then another unit would become the bottleneck, and so forth. 
Therefore, debottlenecking is a progressive problem in which 
bottlenecks are removed from the process one at a time. 
Eventually, the maximum possible change, where a bottleneck 
cannot be removed, will be reached. At this point, a decision 
would have to be made whether a significant capital investment 
should be made in order to increase further the maximum scale- 
up. When significant process modifications involving new 
equipment are required, the procedure is called retrofitting. 


24.6 SUMMARY 


In summary, process troubleshooting problems and 
debottlenecking problems, such as the ones described here, are 
very realistic problems in terms of what the process engineer 
will experience. Unlike comprehensive design problems, the 
troubleshooting problems rely on simple, approximate 
calculations along with an intuitive understanding of a chemical 
process rather than repetitive, complex calculations. In order to 
solve troubleshooting and debottlenecking problems, it is 
important to develop both an intuitive feel for chemical 
processes and the ability to do approximate calculations to 
complement the ability to do repetitive, detailed calculations. 


WHAT YOU SHOULD HAVE LEARNED 


e Ifthere is a process upset, it may be traceable to a distant part of the 
process. 


e There are multiple possible causes for a process upset, and all must 
be considered. 


e When debottlenecking a process, identify the most severe bottleneck, 


and if that portion can be debottlenecked, proceed to the next most 
severe bottleneck, and so on. 
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PROBLEMS 


1. For the absorber problem in Section 24.2.1, it is necessary to 
adjust process operation temporarily to handle a 20% 
increase in gas to be treated. 


1. Can this be accomplished by increasing the liquid rate by 20%? 
2. Suggest at least two additional methods for handling the increase. Be 
quantitative. 


2. A five-equilibrium-stage tray absorber is used for the 
acetone separation described in Section 24.2.1. It is now 
observed that the outlet mole fraction of acetone in air is 
0.002. 


1. Suggest at least six individual causes for the faulty absorber performance. 

2. For the causes listed in Part (a) that are represented on the Kremser 
graph, determine the exact value of the parameter (i.e., what flowrate 
would cause the observed outlet mole fraction?). 

3. For each cause listed in Part (b), suggest at least three compensation 
methods. Be quantitative. 


3. For the situation in Problem 24.2, how would you handle the 
following temporary process upsets? Be quantitative. 
Suggest at least three alternatives for each situation. 


H 


The gas rate must increase by 10%. 
2. The feed mole fraction of acetone must increase to 0.025. 
3. The outlet mole fraction of acetone in air must be reduced to 0.00075. 


4. Suggest additional alternatives for the off-specification 
acrylic acid in the case study in Section 24.3.1. Analyze the 
alternatives quantitatively. 


5. An acrylic acid facility has been designed to operate 
successfully using cooling water in the distillation column 
condenser. However, after a recent warm spell in which the 
temperature exceeded 100°F for a week, customers 


complained that the acrylic acid product had the same 
yellowish color and increased viscosity observed in another 
plant, as described in Section 24.3.1. Suggest possible causes 
and remedies for this situation. 


6. Suggest additional alternatives for the steam release in the 
cumene reactor in the case study in Section 24.3.2. Analyze 
the alternatives quantitatively. 


7. During the start-up of a chemical plant, one of the final steps 
before introducing the process chemicals is a steam-out 
procedure. Essentially, this step involves filling all the 
equipment with low-pressure steam and leaving it for a 
period of time in order to clean the equipment. During one 
such steam-out, in a plant in Wisconsin, a vessel was 
accidentally isolated from other equipment and left to stand 
overnight. Upon inspection the following morning, it was 
found that this vessel had ruptured. 

The company responsible for the design of the plant 
claimed that the design was not at fault and cited a similar 
situation that occurred at a plant in Southern California in 
which no damage to the vessel was seen to occur. 

From the above information can you explain what 
happened? What would you suggest be done in the future in 
order to ensure that this problem does not reoccur? 


8. During the hydrogenation of a certain plant-derived oil, the 
fresh feed is pumped from a vessel to the process unit. The 
process is illustrated in Figure P24.8(a). 
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Figure P24.8 Heat-Exchanger Configurations for Problem 
24.8 


Because the oil is very viscous, it is heated with steam 
that passes through a heating coil located in the vessel. The 


present system uses 50 psig saturated steam to heat the oil. 
Due to unforeseen circumstances, the 50 psig steam supply 
will be down for maintenance for about a week. It has been 
suggested that a temporary connection from the high- 
pressure steam line (600 psig, saturated) be made via a 
regulator (to reduce the pressure to 50 psig) to supply steam 
to the steam coil as shown in Figure P24.8(b). 

Do you foresee any problems with the recommendation 
regarding the high-pressure steam? If so, what 
recommendations do you suggest? 


g. During the start-up and operation of a new plant (see Figure 
P24.9) the pressure-relief/safety valve on top of the steam 
drum (V-101) of a waste heat boiler (E-101) has opened and 
low-pressure steam is escaping to the atmosphere through 
the open valve. 
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Figure P24.9 PFD for Problem 24.9 


Upon questioning the operators from another unit, you 
discover that similar incidents have occurred during the 
initial operation of other process units. However, it appears 
that the situation remedies itself after a few months. 


What could be causing this phenomenon to occur? If the 
situation does not remedy itself, what permanent solution (if 
any) would you suggest to fix the problem? 


10. For the cumene troubleshooting problem in Section 24.4, it 
has been determined that off-specification propylene will 
have to be used for the next several months. To assist in 
handling this feed, prepare the following performance 
graphs for use in determining what reactor temperature and 
pressure are required to compensate for increased propane 
impurity. Determine the maximum possible propane 
impurity that can be handled in the given temperature or 
pressure range without loss of cumene production 
capability. 


1. A plot of cumene production rate versus propane impurity (from 5 wt% to 
10 wt%) at pressures from 2700 kPa to 3300 kPa at 400°C and the 
original propylene feed rate 

2. A plot of cumene production rate versus propane impurity (from 5 wt% to 
10 wt%) at temperatures from 300°C to 400°C at 3300 kPa and the 
original propylene feed rate 


11. In the cumene problem in Section 24.4, assume that one 
possible remedy involves increased benzene recycle with a 


12. 


13. 


14. 


corresponding decrease in fresh benzene feed. What are 
some potential consequences on the benzene feed pump, P- 
201? Support your answer with calculations. 


You are in charge of a process to manufacture a polymer in 
which acetone is used as a solvent. The last step is a drying 
oven in which residual acetone is removed from the polymer 
into an air stream. The air is fed to the absorber in Example 
24.1. All flows, mole fractions, and physical property data in 
Example 24.1 are assumed to hold. 


It is necessary to scale up polymer production as much as 
possible. Upstream, there is a spare reactor, dryer, and 
peripherals, because the plant has been operating below 
capacity for many years. However, the acetone scrubber was 
designed and installed recently for the current production 
capacity. Therefore, it is anticipated that the acetone 
scrubber will be the process bottleneck. What limit does the 
acetone scrubber place on scale-up? How would you 
debottleneck this situation? 


For the cumene problem in Section 24.4, it has been 
determined that the feed is off-specification. Until a new 
propylene supplier can be contracted with, the propylene 
from the current supplier will have to be used. Tests have 
shown that this propylene can be expected to have between 5 
wt% and 10 wt% propane impurity. It has been decided to 
try to maintain the design cumene production rate by 
increasing the propylene feed rate so that a constant, design 
amount of propylene enters the reactor. Identify the 
bottlenecks to the proposed process change. Debottleneck 
this situation. 


A saturated liquid is stored in a tank in equilibrium with its 
vapor. The liquid is pumped to a heat exchanger, where the 
liquid is vaporized. Frictional losses in the suction line to the 
pump are negligible; however, frictional losses after the 
pump are such that the liquid is saturated upon entering the 
heat exchanger. The heat exchanger vaporizes the saturated 
liquid to saturated vapor while condensing saturated steam 
to saturated liquid. 


In the base case, the liquid vaporizes at 130°C, and the steam 
used is passed through a desuperheater to create saturated 
steam at 155°C from saturated, low-pressure steam at 160°C. 
It is now necessary to increase the flowrate of the vaporized 
stream. Pump and system curves are provided in Figures 
P24.14(a) and P24.14(b). Assume that the pressure entering 
the vaporizer remains constant. 


Figure P24.14(a) Process Flow Diagram for Problem 24.14 
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Figure P24.14(b) Pump and System Curves for Problem 
24.14 


1. If the base-case flowrate is 50 m? /h, identify the bottleneck to process 
flowrate scale-up. What is the maximum possible flowrate increase? 

2. With scale-up, the frictional losses in the suction line to the pump 
increase. Is the pump in danger of cavitating? Explain your answer. 


15. Refer to the drying oil process in Appendix B. The following 
problems were encountered after the drying oil facility was 
started up in early August. 


1. Pump P-501 A/B has been noisy since start-up, and the noise (a high- 
pitched whine) continues to get louder. 

2. Problems have been observed in T-501. Column performance has been 
below specification. Specifically, the flowrate of Dowtherm A through the 
reboiler, E-502, has had to be increased in order to keep the products at 
design specifications. 

3. It has also been noted recently that production rates have fallen during 
the graveyard shift (12 p.m.—8 a.m.). The head of operations believed that 
this was due to some of the operators not paying attention to the plant 
during this shift. However, after talking to all concerned, it appears that 
there might be a problem with the feed of ACO from the storage tank (not 
shown on the PFD) to the feed vessel, V-501. 

4. The pressure-relief valve on E-506 has been open from the start of 
production, and steam has been venting to the atmosphere. This problem 


16. 


17. 


was more severe right after start-up; however, it is still occurring. Suggest 
causes for these problems, identify the most likely causes, and suggest 
potential remedies. 


Refer to the drying oil process in Appendix B. Due to an 
unfavorable business climate for the product, it is possible 
that production will have to be cut by 20%. Suggest at least 
three equipment-related issues that might have to be 
addressed to implement the production cut. 


Refer to the formalin process in Appendix B. 

You have recently joined a chemical company. Among 
the chemicals that this company produces is methanol, 
mostly for internal consumption. A major use of internal 
methanol is to produce formalin, which is a 37 wt% solution 
of formaldehyde in water. Formaldehyde and urea are used 
to make urea-formaldehyde resins that are subsequently 
used as adhesives and binders for particleboard and 
plywood. 

The company recently received a memorandum from a 
customer who buys this formalin indicating that there are 
periodic problems, mostly in the summer, with the formalin 
they are receiving. They claim that the formalin contains 
unacceptably high amounts of formic acid relative to 
formaldehyde. It seems that this alters the urea- 
formaldehyde resin properties such that the particle board 
and plywood subsequently manufactured do not have the 
appropriate tensile and load strength. They are threatening 
legal action unless this problem is rectified immediately. 

Storage of formaldehyde/water mixtures is tricky. At 
high temperatures, undesirable polymerization of 
formaldehyde is inhibited, but formic acid formation is 
favored. At low temperatures, acid formation is inhibited, 
but polymerization is favored. There are stabilizers that 
inhibit polymerization, but they are incompatible with resin 
formation. Methanol, at concentrations between 5 and 15 
wt%, can also inhibit polymerizaton, but no separation 
equipment for methanol currently exists on site, and 
methanol greater than 1 wt% also causes defective resin 
production. With < 1 wt% methanol, the storage tank 
contents must be maintained between 35°C and 45°C. 

You have toured the plant, checked the logbooks, spoken 
to engineers and operators, and have gathered the following 
information: 


The catalyst is replaced once per year, and for about five days after start- 
up, a pressure-relief valve in the reactor (R-801) releases. 


During the same time period, bfw consumption in R-801 was not seen to 
increase beyond normal, day-to-day fluctuations of +1%, and the reactor 
outlet temperature was not seen to increase significantly. 


Excess acidity occurs mainly in the summer. 
All existing equipment is made of carbon steel. 


One year ago, an unscheduled, emergency shutdown was required to 


replace a control system between the tower (T-802) and the subsequent 
pump (P-803 A/B). Due to availability and time constraints, 1-in schedule- 
40 pipe was used in place of 1.5-in schedule-40 pipe. 


During hot-weather periods, the inlet temperature of cooling water has 
been observed to increase by as much as 5°C. 


During these hot-weather periods, the pressure in the distillation column 
has been observed to increase slightly, but operation over a long period of 
time shows no leakage or safety problems associated with this change in 
pressure. 


Pump (P-803 A/B) is located at a height of 5 m below the tower (T-802) 
exit. There is a total of 30 equivalent meters of pipe, elbows, and valves in 
the line. 


An inspection of the pressure-relief valve on the reactor (R-801) indicates 
that it is rated at 1115 kPag. It will open at or above that pressure. 


Over long periods of time after catalyst replacement, the pressure of 
medium-pressure steam leaving R-801 is 1110 kPag. 


During hot weather, the volume of off-gas leaving the absorber increases 
by 1%. However, the increase in formaldehyde is about 22%, and the 
increase in water is about 3%. 


Pump (P-803 A/B) constantly makes noise, and each individual pump has 
been replaced within the last year. 


Suggest potential causes for the observed problems, and 
suggest possible remedies. 


18. Delayed coking is an oil refinery process that takes a heavy 
oil fraction and heats it up to approximately 900°F (480°C) 
in a furnace. Upon leaving the furnace, the oil is fed to one of 
two (or more) coking drums, where it is allowed to sit and 
“cook” for up to 24 hours. During the cooking (coking) 
process, the oil cracks and gives off a variety of gaseous and 
liquid products that are processed further. The material 
remaining in the drums is a solid coke that is subsequently 
“cut out” of the drum using a very high-pressure water jet. 
This coke is then shipped out as a salable product. The 
process is shown in Figure P24.18. 
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Figure P24.18 PFD for Problem 24.18 


The control scheme on the furnace is set to regulate the 
flow of fuel gas (fg) based on the measured temperature of 


the exit oil stream (Stream 2). A ratio flow controller adjusts 
the flowrate of air so that a constant air/fuel ratio is 
maintained. An oxygen analyzer measures the excess oxygen 
in the flue gas and adjusts the set point of the ratio 
controller to maintain the desired air/fuel ratio. A flow 
alarm is also present to detect a low flow condition in 
Stream 1 and activates a solenoid shutoff valve to the fuel 
gas. 

A few days ago there was a process upset in which the oil 
flow to the fired heater was momentarily interrupted. This 
interruption triggered the shutoff valve, which closed the 
fuel gas line. The flow of Stream 1 resumed its normal rate 
after about 30 seconds, at which time the fuel gas solenoid 
valve opened and the flow of fuel gas resumed. During the 
upset, the flow of air changed in proportion to the fuel gas 
flow. 


A short time after this process upset, the following 
conditions were observed. For each scenario given below, 
give an explanation of what may have happened to cause the 
observed changes. 


1. The flow of fuel gas to the furnace has slowly increased, and the air 
flowrate has increased proportionally to maintain the same air/fuel ratio. 
No other changes have been observed. What could be causing the 
problem? What do you recommend be done? 

2. The flow of fuel gas to the furnace has increased, the air flowrate has 
increased proportionally to maintain the same air/fuel ratio, and the flow 
of products and coke production rate appear to be slightly lower than 
before (the upset). What could be causing the problem? What do you 
recommend be done? 

3. The flow of fuel gas to the furnace has increased, the air flowrate has also 
increased, and the ratio of air/fuel has increased slightly. The flow of 
products and coke production rate are lower than before (the upset). 
What could be causing the problem? What do you recommend be done? 


19. Study the distillation column in Figure P24.19(a), the stream 
information in Table P24.19, and the additional information. 
Use the pump/system curve information in Figure P24.19(b) 
as needed. It is necessary to scale up the throughput of this 
column without altering the column pressure. 


Figure P24.19(a) Process Flow Diagram for Problem 24.19 


Table P24.19 Stream Information for Problem 24.19 


Stream 1 2 3 cw 

| Mass flowrate (kg/h) 77,800 55,000 17,470 71,600 

| Density (kg/m*) 700 700 910 1000 | 
Temperature (°C) 134.4 134.4 155.6 — 
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Figure P24.19(b) Pump and System Curve for P-101A/B in 
Problem 24.19 


1. Identify at least four potential bottlenecks to scale-up you can find, 
estimate the maximum percent scale-up possible for each, and identify 
the limiting bottleneck. Quantitative calculations are needed to support 
your result. 

2. Suggest one method to debottleneck this problem that might possibly be 
accomplished without shutting the process down. What problem(s) might 
arise with this solution? 


Additional information: 


° Cooling water supply lines to E-101 are 4-in schedule 40, A = 
0.0129 m 

° Pump and system curves provided 

° P-601 A/B not close to cavitation at normal operating conditions 

e E-102 uses hps desuperheated to 200°C 

° Column designed to operate at 70% flooding 

e Cooling water enters at 30°C and design and maximum return 


temperature are both 40°C 


° Assume maximum allowable velocity in pipes and tubes is 3.75 
m/s 

° Equal resistances on each side in E-101 

° Condensation in shell in E-101 


20. The distillate stream from a distillation column (flowrate 35 
m°/h, fluid has density of water) is recycled. The destination 
of the recycle stream is 3 m below the fluid level in the reflux 
drum. First, the recycle passes through a pump to supply 
sufficient head to overcome frictional losses (20 kPa) and 
reach the pressure of the stream with which it is mixed (250 
kPa above distillate stream). Then, it passes through a heat 
exchanger in which it is heated from 90°C to 120°C using 
low-pressure steam at 140°C. Assume that all resistance is 
on the process-stream side of the exchanger (tube side). 


It is desired to scale up the entire plant capacity by 15%. It 
has been determined that the distillation column can be 
modified to maintain the recycle stream temperature at 
90°C. It has also been determined that, with the required 
changes in the feed section of the process, the temperature 
of the recycle stream must be between 119°C and 121°C to 
satisfy liquid-phase reactor inlet conditions after mixing 
with fresh feed. Figure P24.20 is the pump curve for the 
pump in the recycle stream. 
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Figure P24.20 Pump Curve for Problem 24.20 


1. Can the temperature criterion be satisfied? 


2. Can the flows in this portion of the process be scaled up by 15%? 


3. With a scale-up of 15% desired, what feature must be included in this 
distillation column so that column operation can be modified to maintain 
the recycle stream at 90°C? 


4. It is suggested that because a lower temperature of the recycle stream 
would reduce the reaction rate, if needed, the pumps in the feed section 
could be used to increase the reactor pressure, and hence the reaction 
rate. What is your opinion of this suggestion? 


21. The distillate stream from a distillation column (flowrate 35 
m°/h, density of water) is recycled. The destination of the 
recycle stream is a point 3 m below the fluid level in the 
reflux drum. First, the recycle passes through a pump to 
supply sufficient head to overcome frictional losses (20 kPa) 
and reach the pressure of the stream with which it is mixed 
(250 kPa above distillate stream). Then, it is heated from 
90°C to 120°C using desuperheated low-pressure steam at 
140°C. Assume that all resistance is on the process-stream 
side of the exchanger (tube side). 


It is desired to scale up the entire plant capacity. It has 
been determined that the distillation column can be 
modified to maintain the recycle stream temperature at 
90°C. It has also been determined that, with the required 
changes in the feed section of the process, the lowest 
allowable temperature of the recycle stream is 119°C to 
satisfy liquid-phase reactor inlet conditions after mixing 
with fresh feed. Figure P24.20 is the pump curve for the 
pump in the recycle stream. 


1. What is the maximum possible scale-up percentage based on the heat 
exchanger? 

2. Can the pump handle the answer in Part (a)? 

3. It is suggested that because a lower temperature of the recycle stream 
would reduce the reaction rate, if needed, the pumps in the feed section 
could be used to increase the reactor pressure, and hence the reaction 
rate. What is your opinion of this suggestion? 


Section V: The Impact of 
Chemical Engineering Design on 
Society 


Throughout this book, the focus has been on the role that a 
chemical engineer plays in the analysis, synthesis, and design of 
chemical processes. In this section, that role is put in the 
context of the profession of chemical engineering, which is 
defined by the American Institute of Chemical Engineers as “the 
profession in which a knowledge of mathematics, chemistry, 
and other natural science gained by study, experience, and 
practice is applied with judgment to develop economic ways of 
using materials and energy for the benefit of mankind.” 

Far from being the “soft” side of engineering, the topics in 
this section are very much the crucial steps between a design in 
the mind of the engineer and the realization of a new or 
improved process or product in the service of humanity. In the 
past 30 years, the importance of the impact of chemical 
engineering design on society in terms of how the chemical 
process industry and chemical engineers are viewed has 
increased dramatically. No longer is being a “good engineer” 
defined by the ability to solve complicated process problems 
correctly. Instead, a company’s reputation and success are often 
measured in terms of its track record in operating 
environmentally friendly processes, its ability to find innovative 
solutions to existing problems, its safety record, and its ability 
to develop new products. Chemical engineers are responsible 
for all these initiatives, and the success of modern engineers is 
based in large part on their contributions to these areas. 


In this section, focus is placed on the engineer’s ability to 


e Gain the necessary experience and knowledge 


e Earn the trust of society 


Ensure that the process and products are safe 


Protect the environment 


e Continue to look for new processes that are less harmful to the 
environment and that pose less risk to society 


e Work with other engineers and professionals to bring new chemical- 
engineering-based products to the marketplace 


Chapter 25: Ethics and Professionalism 

Engineering problem solving within an ethical framework, legal 
responsibilities, and professional registration are developed. 
Ethics case studies and the content of the Fundamentals of 
Engineering (FE) and Professional Engineering (PE) 
examinations are included. 


Chapter 26: Health, Safety, and the Environment 
Methods of analyzing risk are provided, and the basic types of 
health, safety, and environmental regulations are explained, 
with references to government databases. Pollution prevention 
strategies and the assessment of plant safety are introduced 
through their relationships to HAZard and OPerability 
(HAZOP) studies, the Dow Fire and Explosion Index, and the 
Dow Chemical Hazards Index. 


Chapter 27: Green Engineering 

A brief introduction to green engineering design methods— 
including the pollution prevention hierarchy, green chemistry 
principles, and flowsheet analysis for pollution prevention—is 
discussed. Examples of the economics of pollution prevention 
activities using the profitability methods in Chapter 10 and life 
cycle analysis are presented. Brief descriptions of 
environmental risk assessment, analysis of releases, and the 
software available to do this analysis are given. 


Chapter 25: Ethics and 
Professionalism 


WHAT YOU WILL LEARN 
e There is a subtle difference between morals and ethics. 


e One must make one’s own ethical decisions. 


e There are legal issues that must be considered. 


Engineering has been described as “the strategy for causing the 
best change in a poorly understood or uncertain situation 
within the available resources” [1]. The realm of ethics and 
professionalism entails very real, poorly understood problems 
that are as challenging as any technical problems an engineer 
will face. This chapter presents heuristics, objective functions 
(i.e., ways of defining what is best), and constraint identification 
strategies that are especially useful in solving such problems. 

As described in Chapter 11, all heuristics are, in the final 
analysis, fallible and incapable of justification. They are merely 
plausible aids or directions toward the solution of a problem [1]. 
Especially for the heuristics described in this chapter, the four 
characteristics of any heuristic need to be kept in mind: 

. Aheuristic does not guarantee a solution. 


. It may contradict other heuristics. 
. It can reduce the time to solve a problem. 
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. Its acceptance depends on the immediate context instead of on an 
absolute standard. 


The fact that all ethical heuristics cannot be followed all of 
the time is to be expected, as it is with any set of technical 
heuristics. 


The purpose of this chapter is to help develop strategies to 
make the best choice when faced with an ethical problem. The 
set of strategies developed will be different for each reader. A 
general overview of engineering ethics is presented, and a series 
of ethics scenarios is introduced. The authors have found that 
the best way to develop the facility to deal with ethical problems 
is, after reading the overview, to discuss these scenarios in small 
groups. Each group presents its solution to the class. Even with 
seemingly straightforward situations, the solutions can be 
diverse. A class discussion of the different solutions is followed 
by a reflection on what was discussed. Then the next problem is 
addressed. Many such scenarios are given at the end of this 
chapter and in books and articles [2-7]. 


25.1 ETHICS 


Whenever chemical engineers develop products, design 
processes and equipment, manage process operations, 
communicate with other engineers and nonengineers, develop 
markets and sell products, lead other engineers, interact with 
clients, represent their firms to the government or to the public 
—in short, whenever chemical engineers do anything that 
impacts the lives of anyone—their choices of action are based on 
ethics. Even when faced with two different equations, one 
equation is selected, based in part on ethical values. Does the 
less-precise equation include a safety factor that lowers the risk 
to employer, employees, or the public? Should more time be 
spent doing more rigorous calculations, costing the firm more 
money but providing a better answer to the client? How is the 
decision made? 

In each of these circumstances, engineers apply their own 
moral standards, mindful of the legal requirements, using their 
personal code of ethics to make the decision. To help in the 
development of a personal code of ethics that will provide a 
framework for making these decisions, first the three types of 
reasons for ethical behavior are identified: 


e Moral 
e Legal 
e Ethical 


Although nearly all people share some fundamental moral 
ideals, each engineer has his or her own distinct set of moral 
principles. Typically, these principles are shaped by religion, 
conscience, and especially early childhood family experiences. 
The basic framework by which one decides what is right and 
what is wrong is generally very well developed by the time one 
reads an engineering text. Thus, this text will not take up the 
moral dimensions of engineering ethics other than to stress the 
importance of continually reminding oneself to be true to one’s 
moral values as one works through ethical problems. 


A few legal aspects of solving ethical problems are covered in 
Section 25.3, but the full legal consequences of engineering 
decisions are far beyond the scope of this book. The legal system 
(which includes government regulations) is a collection of rules 
of conduct for a society to assist orderly transactions between 
people. Chemical engineers should seek skilled legal advice 
whenever these rules, or the consequences for not following 
them, are unclear. 


The aspect of ethical decision making covered here is that 
commonly referred to as engineering ethics. There are generally 
accepted codes of conduct for engineers, although, as will 
become clear, they are too broad to be used alone as 
prescriptions for engineering choices in difficult situations. 
Engineering ethics is the system of principles and strategies 
that engineers use to solve complex problems involving other 
people’s lives. It includes aspects of moral principles and legal 
responsibilities, as well as recognized codes of ethics and 


generally accepted norms of engineering and business behavior. 


25.1.1 Moral Autonomy 

Inasmuch as all engineers do not share a single set of moral 
principles by which to make ethical decisions, it is fully expected 
that different readers will make different decisions, especially in 
complex situations. The goal of this chapter is not uniformity of 
decisions by all engineers but autonomy of each engineer to 
make the right decision. In this context, the right decision can 
be identified by the use of a heuristic. The right decision is one 
that is 


e Consistent with the engineer’s moral principles 
e Consistent with the generally accepted codes of engineering conduct 
e Consistent with obligations that the engineer has accepted 
e Consistent with the law 
e Consistent with the applicable code of ethics 
But, most importantly, the right decision is one that the 


engineer can live with. Of course, it is always possible that one 
person’s decision would not be acceptable to another person. 


The ability to make one’s own ethical decisions is 


known as moral autonomy. 


Moral autonomy does not require that a person be able to look 
back and always be confident that the choice made was the best 
of all possible choices. Although this is the goal, it is a moving 
target. Rather, by exercising moral autonomy a person is in 
control of their decision, if the choice is made based on a 
reasonable analysis of the potential consequences consistent 
with one’s moral, legal, and ethical beliefs, rights, duties, and 
obligations. If personal moral principles are not understood, or 
no strategy for ethically analyzing a situation is made, or if 
ethical responsibilities are defered to others, then one cannot 
claim to be exercising moral autonomy. 

The goal of this chapter is to help develop moral autonomy. 
Previewing the kinds of ethical problems that are likely to be 
resolved is the most powerful tool to learn about and to develop 
one’s moral autonomy. 


25.1.2 Rehearsal 


When learning any new skill, one usually practices or rehearses. 
To learn to apply the ideal gas law in process calculations, end- 
of-chapter problems in thermodynamics are completed. 
Understanding the theory behind the ideal gas law is no 
guarantee of the ability to solve applied problems. Some people 
can and some people cannot. But few would argue that a 
problem can be solved as quickly, as easily, or as correctly the 
first time as the nth time it is solved. Such is the power of 
rehearsal. 


Rehearsal becomes more important when decisions must be 


made quickly, extremely accurately, or under great stress. And 
great stress often accompanies ethical problems. Example 25.1 
is such an example. 


Example 25.1 


The Falsified Data [2, Reprinted by special permission 
from Chemical Engineering, May 5, 1980, and 
September 22, 1980, Copyright © 1980 by McGraw-Hill, 
Inc., New York, NY 10020] 

Jay’s boss is an acknowledged expert in the field of 
catalysis. Jay is the leader of a group that has been 
charged with developing a new catalyst system, and the 
search has narrowed to two possibilities, Catalyst A and 
Catalyst B. 


The boss is certain that the best choice is A, but 
directs that tests be run on both, “just for the record.” 
Owing to inexperienced help, the tests take longer than 
expected, and the results show that B is the preferred 
material. The engineers question the validity of the tests, 
but, because of the project’s timetable, there is no time to 
repeat the series. So the boss directs Jay to work the 
math backward and come up with phony data to 
substantiate the choice of Catalyst A, a choice that all the 
engineers in the group, including Jay, fully agree with. 
Jay writes the report. 


In this simple scenario, there is a great deal of stress. If Jay had 
never thought about what to do in such a situation, it is highly 
unlikely that he would make a decision that he could live with. 
It is much more likely that Jay would look back on the event 
and wish he could go back and make a different choice. 
Rehearsal provides the opportunity to do just that. The first 
time the situation is seen, it is best to be in a low-risk 
environment. If the wrong decision is made, it does not matter. 
The second time, a better choice can be made. 

In early education and in skills training at any level, the goal 
of rehearsal is to work through a scenario that is likely to occur 
in the future and to develop the best response possible. In 
advanced professional education, and especially in engineering 
education, the goal of rehearsal is to work through a scenario 
representative of a broad range of situations that are likely to 
occur in the future and to develop a strategy for responding to 
the broad range of problems, many of which cannot be 
imagined. For ethical decision making, this strategy must be 
powerful, adaptive, and personal. Throughout a career, new 
ethical problems will arise. The key is to rehearse frequently, 
using example and homework problems and conceiving a set of 
personal, representative scenarios. 


25.1.3 Reflection in Action 


One of the characteristics of successful professionals in a variety 


of fields is frequent postmortem analysis. This self-imposed 
study of events that have occurred in one’s professional life is 
called “reflection in action” [8]. After an engineering event has 
occurred in which ethical decisions were made, it is beneficial to 
sit down (individually or in a small group) and review the case, 
and analyze the facts, the missing information, the constraints, 
the unnecessary perceived constraints, the options considered, 
the options not considered, and the strategy used to arrive at 
the decision. 


As demonstrated in Example 25.2, there are many reasons 
why reflection in action is so powerful, but the focus here is on 


two: 


e It forces an analysis the strengths and weaknesses of the strategy used. 


e It provides continual opportunities and encouragement for rehearsal. 


Example 25.2 


Reflection on the Falsified Data 


Assume that Example 25.1 has occurred. Any standard 
problem-solving strategy [9] can be used to reconstruct 
the scenario. Here the McMaster five-step strategy is 
used [10]. 


1. 


Define: Was the problem well defined by the participants? Was 
the real problem that the experimental results were unexpected? 
Was the real problem that things were now more uncertain than 
before? There are other possible definitions of the problem, but if 
one defines the problem as how to deal with obviously flawed 
data, one may miss the entire point. The problem would thereby 
be unnecessarily overconstrained. What is the real problem? If 
the characters had defined the problem better, would they have 
reached a different conclusion? Would it have been a better 
conclusion? 


. Explore: What alternatives were explored? Are there other 


alternatives, such as requesting additional time to rerun the 
experiments, alerting the users of the data to their possible 
inaccuracy, writing a detailed analysis of the theoretical and 
experimental discrepancies, or debriefing the technician who 
performed the experiments to determine whether errors in 
technique could cause the discrepancy? Would a more careful 
exploration of the alternatives have been helpful in this case? 
What brainstorming techniques might have been helpful? 


. Plan: Did the participants develop an adequate plan? What 


would (should) you have done differently? 


. Do It: Did the participants execute the plan well? 
. Look Back: Here is the play within the play. Would it have been 


helpful if the participants had reflected on past experiences? 
Would it have been helpful if the participants had projected what 
could happen as a consequence of their decision and had analyzed 
the expected effectiveness of their approach? 


Because the outcome of the “Falsified Data” case is unknown, 
the Plan and Do It stages cannot yet be fully analyzed. When the 
full case is reflected upon, the Plan and Do It stages could be 
completed. 


At the end of any rehearsal or reflection, those involved 


should develop a list of heuristics to use in future ethical 
problem solving. These could be the heuristics that had been 
used effectively (in the case of a reflection) or new heuristics 
that can be used (in the case of a rehearsal). For Example 25.2, 
the following heuristics might be identified (use the three blank 
lines to develop your own heuristics): 


e Use a traditional problem-solving strategy for solving ethical problems. 
e Consider the possibility that inexperienced people can be right. 
e Debrief people fully before assuming facts about their actions. 


e Consider what will happen if a specific decision is based on a false 
assumption. 


e Be honest. 
e Be concerned about the welfare of your company. 
e Be concerned about the welfare of your employees. 


e Do not let other people make ethical decisions for you. 


25.1.4 Mobile Truth 


It is quite natural for people to assume that groups to which 
they belong are right, and other groups are wrong. This basic 
response gives rise to loyalty, strong familial pride and duty, 
willful obedience, and leadership. The strength of collective 
action depends on this response, which, in terms of ethical 
decision making in engineering, manifests itself in mobile 
truth. 

Assume the AIChE student chapter and the IEEE student 
chapter are playing volleyball. If the referee makes a difficult 
call, you are apt to find the call right if it favors your team and 
wrong if it favors the other. You are not being unethical, but you 
are perhaps being unreasonable. Similarly, when starting to 
work for an organization, attitudes toward it are developed that 
are similar to the bonding that occurs within families, 
nationalities, and schools. The faster these bonds develop, the 
faster acceptance by the organization. The stronger these bonds 
are, loyalty increases. Example 25.3 demonstrates mobile truth. 


Example 25.3 


If you work for Company A, which produces 
polyethylene, you know that Type-A polyethylene is the 
best. Because you are offered a promotion, higher pay, 
and desirable relocation, you move to Company B. 
Almost immediately, Type-B polyethylene becomes the 
best. It could be because you are such a great chemical 
engineer, but it is probably because of mobile truth. The 
world did not change, but your frame of reference and, 
especially, your loyalty did. 


When your affinity to a group clouds your ethical 


decision making, you are being affected by mobile 
truth. 


The point here is to learn to recognize mobile truth and to filter 
it out of ethical decision making. Obviously, a chemical engineer 
has ethical duties and obligations to an organization, but 
vigilance is required to identify the intrusion of mobile truth 
into the ethical decision-making process. The point is not just to 
make the process more “objective” or “fair,” but rather to try to 
see the situation from the point of view of those outside the 
organization. Here are a few heuristics for avoiding being 
misled by mobile truth: 


e Ask yourself whether your decision would be different if you worked for 
another part of the company or for another company. 


e Imagine that you live just outside the plant fence. 
e Imagine that you work for the Environmental Protection Agency. 


e Ask for the opinion of someone else in your organization. Explain the 
situation, suggesting that the facts pertain to a different organization. The 
response is likely to be less affected by mobile truth. 


More heuristics can be developed through rehearsal and 
reflection. 

Related to the concept of mobile truth is the concept of 
postrationalization. Again, it is quite natural and normal for 
people to try to justify their actions (and the actions of their 
colleagues and organizations), whether or not they are 
defensible. Because complex ethical problems can be analyzed 
and evaluated in so many different ways, it is often easy to fool 
oneself into thinking that one has acted ethically. But one must 
keep in mind the frame of reference or point of view of others 
(outside your organization). If you want to be sure that what 
you have done or are about to do is ethical, imagine how 
someone outside the organization would view the decision. If 
there is a difference, chances are you were postrationalizing (or 
prerationalizing). 


25.1.5 Nonprofessional Responsibilities 


Each chemical engineer has personal responsibilities: to family, 
to friends, to oneself. These responsibilities, like professional 
responsibilities, will change dramatically throughout one’s life. 
The obvious example is one’s family situation, which is likely to 
grow and change over a 40-year career. In general, it is easier to 
make ethical choices when they affect only oneself. Choices that 
affect one’s nuclear family are especially difficult. Some choices 
might cost you your job, make you a social outcast, compel you 
to move from your home, even estrange you from your family. 


Generally, these consequences can be mitigated by 
e Thinking early about the effects of your decisions on your family 
e Taking into account likely changes in your family situation 


e Most importantly, talking with your family about your decision 


The choice of when to discuss a professional ethics problem 
with one’s family (and with which members of the family) is 
certainly a difficult one. Considering what a dramatic effect your 
decisions can have on your family, it would be wise to consider a 
hypothetical situation before a real ethical problem arises. 
Think about various options of whom to tell what and when. 
Rehearsal can be done with one’s family, with a peer group, or 
by oneself. Whichever you choose, it should make any potential 
conflict easier to resolve to everyone’s satisfaction. 

The crucial impact of ethical decisions on one’s family is 
generally not fully appreciated until one is married or becomes 
a parent. In using rehearsal to prepare for difficult ethical 
situations, anticipate potential changes in one’s family situation 
that might affect the decision should be anticipated. In a typical 
senior chemical engineering class, most students are single 
without children. However, there may be students with a 
significant range of circumstances. Some might be married 
without any children; several might be parents. Additionally, 
some may intend to be the only or the main potential wage 
earner, whereas others may expect to work or earn less than 
their husbands or wives. Whenever possible, it is better to form 
nonhomogeneous groups for rehearsal of ethical scenarios. The 
addition of a married student to an otherwise single group 
usually changes the discussion substantially. 

While discussing ethical scenarios, financial and other 
concerns also must be considered. Prospective chemical 
engineers often say, “I just wouldn’t work for a company that 
would do that,” or “Td quit and get another job before I’d agree 
to that.” But these comments are looked upon as naive by most 
who have made tough ethical choices, especially whistleblowers, 
as is discussed in Section 25.1.8. Often, chemical engineers who 
no longer have young children or who have saved well for 
retirement express more willingness to do what they feel is 
ethically correct. It is unclear whether this expressed 
willingness translates into action. Some choose to live more 
frugally, and others choose jobs that require fewer or less 
difficult ethical choices. Those who become overcommitted—for 
example, financially—and then feel compelled to make the 
choice to perform an act that they consider ethically wrong 
seldom would claim to be morally autonomous, let alone happy, 
as seen in Example 25.4. 


Example 25.4 


A Question of Integrity [3, Reprinted by special 
permission from Chemical Engineering, March 2, 1987, 
and September 28, 1987, Copyright © 1987 by McGraw- 
Hill, Inc., New York, NY 10020] 

Under the Toxic Substances Control Act (U.S. Public 
Law 94-469), all chemicals in general use, or that had 
been in use, were required to be placed on an inventory 
list in 1979. Some chemicals were omitted from the initial 


list through oversight. To produce a chemical not on the 
list, or a new chemical, a manufacturer must submit a 
premanufacturing marketing notification to the EPA. 

(The purpose of notification is to allow EPA 90 days 
to review a chemical, to ensure that its production, 
distribution, and use will not be detrimental to human 
health and the environment. The agency has the 
authority to place controls as necessary. Heavy penalties 
can be, and have been, assessed against violators of this 
regulation.) 

Chris supervises a unit that has begun making a 
“new” chemical (one not on the list) and becomes aware 
that a premanufacturing notification has not been filed. 


If Chris blows the whistle, Chris’s career with the 
company could be over, despite laws to protect 
whistleblowers. If Chris does nothing, workers may be 
exposed to the chemical without safeguards, and be 
harmed by it. Moreover, if the company is caught, Chris’s 
professional reputation could be stained, especially if it 
could be shown that the inaction resulted in harm to 
workers. 


Should Chris discuss this ethical problem with her 
family? 

What financial or other hardships might result if she 
reports the situation? 

What obligations does she have to her family in this 
regard? 

What obligations does she have to the community? 


What obligations does she have to her employer? 


25.1.6 Duties and Obligations 


Chemical engineers have certain duties by virtue of their 
positions, and they acquire other obligations in a number of 
ways—for example, by accepting assignments, joining 
professional organizations, and through their family choices. 
Throughout ethical problem solving, one needs to remind 
oneself of all of the duties and obligations to which one has 
agreed. 

According to the National Science Foundation, less than 1% 
of the U.S. population are engineers. Of these, fewer than one in 
ten are chemical engineers. The American Institute of Chemical 
Engineers estimates that only 0.05% of U.S. citizens are 
chemical engineers. Clearly, the vast majority of people are not 
and do not think like chemical engineers. Few will understand 
what chemical engineers do, but all will be affected by their 
actions. Keeping this fact in mind helps to put the awesome 
responsibilities of chemical engineers in perspective. 

An individual’s duties and obligations form the basis for 
some additional important heuristics in ethical problem solving: 


e Remind yourself of relevant duties and obligations that you have accepted. 


e Remind yourself of otherwise relevant duties and obligations that you have 
not accepted. 


e When accepted duties and obligations are necessarily in conflict, rank 
these responsibilities. 


e Ifyou choose a solution that violates an obligation, discuss the decision 
with those to whom the obligation was made and determine the 
consequences. 


25.1.7 Codes of Ethics 


Codes of ethics are formal obligations that persons accept 
when they join organizations or when they are allowed to enter 
a profession. In chemical engineering, there are three main 
types of codes of ethics: employer, technical society, and 
government. The employer-based codes of ethics are usually 
incorporated into the codes of business conduct that one agrees 
to upon employment with a particular firm. These are covered 
in Section 25.4. The government-based codes are the 
professional engineer rules, regulations, and laws that exist in 
all states and territories of the United States and their 
counterparts throughout the world. These are covered in 
Section 25.2. 

The most important technical society code for U.S. chemical 
engineers is the “Code of Ethics” of the American Institute of 
Chemical Engineers. Similar codes have been adopted by other 
engineering societies. When you sign your application for 
membership in AIChE, you agree to abide by this code (Figure 
25.1). 


AIChE Code of Ethics 


The Board of Directors of the American Institute of Chemical Engineers adopted this Code of 
Ethics to which it expects that the professional conduct of its members shall conform, and to 
which every applicant attests by signing his or her membership application. Members of the 
American Institute of Chemical Engineers shall uphold and advance the integrity, honor and 
dignity of the engineering profession by: being honest and impartial and serving with fidelity 
their employers, their clients, and the public; striving to increase the competence and prestige 
of the engineering profession; and using their knowledge and skill for the enhancement of 
human welfare. To achieve these goals, members shall: 


1. Hold paramount the safety, health and welfare of the public and protect the environment 
in performance of their professional duties. 


2. Formally advise their employers or clients (and consider further disclosure, if warranted) 
if they perceive that a consequence of their duties will adversely affect the present or 
future health or safety of their colleagues or the public. 


3. Accept responsibility for their actions, seek and heed critical review of their work and 
offer objective criticism of the work of others. 


4. Issue statements or present information only in an objective and truthful manner. 


5. Act in professional matters for each employer or client as faithful agents or trustees, 
avoiding conflicts of interest and never breaching confidentiality. 


6. Treat all colleagues and co-workers fairly and respectfully, recognizing their unique 
contributions and capabilities by fostering an environment of equity, diversity and inclusion. 


7. Perform professional services only in areas of their competence. 
8. Build their professional reputations on the merits of their services. 


9. Continue their professional development throughout their careers, and provide 
opportunities for the professional development of those under their supervision. 


10. Never tolerate harassment. 
11. Conduct themselves in a fair, honorable and respectful manner. 


Figure 25.1 AIChE Code of Ethics (Reprinted with 
Permission of AIChE, Approved November 2015) 


The code can be divided into three parts. The first part 
identifies to whom the code applies (members of AIChE) and 
the purpose of the code (to uphold and advance the integrity, 
honor, and dignity of the engineering profession). Note that this 


purpose is based on the historical concept that each member of 
a group (AIChE in this case) has a responsibility to help 
maintain the “good name” of all members of the group through 
professional behaviors that tend to increase the trust that 
society has in the profession. This is a powerful concept in 
ethics because it acknowledges that the unethical behavior of 
one member can create trust issues between the society and 
each member of the profession. Thus, each member has a vested 
interest in the ethical behavior of all members. 


The second part is the list of three goals that identify the 
duties that chemical engineers have (being honest, impartial, 
loyal), to whom (employers, clients, the public, the profession), 
and why (enhancement of human welfare). It also points out 
that practicing chemical engineering ethically involves 
improving the profession (striving to increase competence). 
This section serves at least two important purposes. First, as a 
chemical engineer reads the goals, he or she realizes the very 
broad responsibilities to the society that may not be apparent in 
day-to-day work. A decision made by a chemical engineer might 
save thousands of lives by providing fertilizer to grow much- 
needed food, or a decision might kill scores of people in a 
catastrophic release of toxic materials. These goals are a 
powerful tool in helping chemical engineers to do the right 
thing. Second, the list of goals points out quite clearly that not 
all goals can be met simultaneously all of the time. In fact, one 
frequently encounters ethical dilemmas, in which no choice is a 
perfect choice, completely satisfying all of our moral, legal, and 
ethical responsibilities. 

The third part of the code of ethics concerns 11 relatively 
specific responsibilities that chemical engineers have. Many 
ethical problems can be attacked by referring to these 
responsibilities. While reiterating and clarifying the 
responsibilities of chemical engineers for the safety and health 
of the society at large, they speak to the responsibilities to 
clients, employers, employees, and the profession itself. Of 
particular note are two principles that are sometimes 
overlooked by beginning engineers. Both refer to the need for 
continuing education. The seventh principle states that 
chemical engineers shall “perform professional services only in 
their areas of competence.” It may be obvious that a chemical 
engineer should not be doing electrical engineering work 
without having had significant education in the relevant area of 
electrical engineering, but, even within chemical engineering, 
there are many areas that are not taught in even the most 
rigorous B.S.Ch.E. program. Therefore, throughout one’s career, 
one is required by the code to evaluate one’s own chemical 
engineering capabilities continuously and to acquire any needed 
education (through reading, working with more experienced 
engineers, consulting experts, or taking courses) before 
accepting an assignment in any area of chemical engineering. 
This principle states that the chemical engineer, not some 


outside governmental agency, must take final responsibility for 
professional competence. A governmental agency may certify 
you as a professional engineer after you pass some day-long 
examinations and a multiyear internship, but you are still the 
responsible party for your own chemical engineering 
competence. 


The ninth principle states that chemical engineers shall 
“continue their professional development throughout their 
careers, and provide opportunities for the professional 
development of those under their supervision.” Many young 
engineers may think that chemical engineering education ends 
after the B.S., the M.S., or surely after the Ph.D., but the code 
makes it clear that this is not the case. In the past 50 years, 
tremendous strides have been made in chemical engineering, 
and at least as great a change is certainly expected in the next 
50 years. Thus, it is both necessary and required to keep up with 
the latest advances through such activities as participating in in- 
house (i.e., within the company) training programs, taking 
continuing education courses offered by AIChE, universities, 
and other organizations, reading technical journals, consulting 
with experts, and so on. The facts that are learned during the 
B.S. experience are overshadowed by the strategies that are 
learned to attack problems. And some of the greatest of these 
problems are to evaluate personal knowledge, to decide what 
new material needs to be learned, and to develop and 
implement a plan to acquire that new knowledge. 


But why are these principles “ethical” considerations? Upon 
claiming to be a chemical engineer, society in general (and 
employers, clients, and employees in particular) puts trust in 
that individual. To earn that trust, competence is required; 
however, most people do not have the background to judge the 
competence of a chemical engineer. Therefore, it is an ethical 
responsibility for the chemical engineer to practice within a 
scope of competency that can be defined completely only by that 
chemical engineer. And, as technology expands, a chemical 
engineer’s capability must expand just to maintain a given scope 
of competency. 


In addition to the AIChE code of ethics, two other codes are 
frequently used in chemical engineering. One is called the 
“Engineers’ Creed”: 


As a professional engineer, I dedicate my professional knowledge and 
skill to the advancement and betterment of human welfare. I pledge to 
give the utmost of performance, to participate in none but honest 
enterprise, to live and work according to the laws of man and the highest 
standards of professional conduct, to place service before profit, honor 
and standing of the profession before personal advantage, and the public 
welfare above all other considerations. In humility and with need for 
divine guidance, I make this pledge. 


Some states incorporate this creed into the code of ethics for 
professional engineers, and some engineering colleges ask 
engineering graduates to recite this creed at the commencement 
ceremonies. The Engineers’ Creed is a very much more general 


and “moral” (as opposed to ethical) obligation than is the AIChE 
code of ethics. The creed can serve as a bonding and an 
inspirational pledge. 

The third common code of ethics is that of the National 
Society for Professional Engineers (Figure 25.2). This code is 
more detailed and more specific than is the AIChE code of 
ethics. It not only includes the canons and principles that are 
the total of the AIChE code, but it also prescribes rather specific 
actions to take in specific circumstances. The NSPE code applies 
to those who join the organization and to those licensed to 
practice engineering in states where this code is included in the 
professional engineers’ code. However, it is instructive for any 


chemical engineer to read the NSPE code periodically, as a 
reminder of some of the ethical problems that arise in the 


profession. 


National Society of 
Professional Engineers® 


Code of Ethics for Engineers 


Preamble 

Engineering is an important and learned profession. As members of this 
profession, engineers are expected to exhibit the highest standards of honesty 
and integrity. Engineering has a direct and vital impact on the quality of life for 
all people. Accordingly, the services provided by engineers require honesty, 
impartiality, fairness, and equity, and must be dedicated to the protection of the 
public health, safety, and welfare. Engineers must perform under a standard of 
professional behavior that requires adherence to the highest principles of ethical 
conduct. 


|. Fundamental Canons 


Engineers, in the fulfillment of their professional duties, shall: 

1. Hold paramount the safety, health, and welfare of the public. 

2. Perform services only in areas of their competence. 

3. Issue public statements only in an objective and truthful manner. 

4. Act for each employer or dient as faithful agents or trustees. 

5. Avoid deceptive acts. 

6. Conduct themselves honorably, responsibly, ethically, and 
lawfully so as to enhance the honor, reputation, and usefulness 
of the profession. 

Il. Rules of Practice 


1. Engineers shall hold paramount the safety, health, and welfare 
of the public. 

a. If engineers’ judgment is overruled under circumstances that 
endanger life or property, they shall notify their employer or dient 
and such other authority as may be appropriate. 

b. Engineers shall approve only those engineering documents that are 
in conformity with applicable standards. 

c Engineers shall not reveal facts, data, or information without the 
prior consent of the client or employer except as authorized or 
required by law or this Code. 

d. Engineers shall not permit the use of their name or associate in 
business ventures with any person or firm that they believe is 
engaged in fraudulent or dishonest enterprise. 

Engineers shall not aid or abet the unlawful practice of engineering 
by a person or firm. 

Engineers having knowledge of any alleged violation of this Code 
shall report thereon to appropriate professional bodies and, when 
relevant, also to public authorities, and cooperate with the proper 
authorities in furnishing such information or assistance as may be 


e 


required. 
2 Engineers shall perform services only in the areas of their 


competence. 

a. Engineers shall undertake assignments only when qualified by 
education or experience in the specific technical fields involved. 

b. Engineers shall not affix their signatures to any plans or documents 
dealing with subject matter in which they lack competence, nor to 
any plan or document not prepared under their direction and 
control. 

c Engineers may accept assignments and assume responsibility for 
coordination of an entire project and sign and seal the engineering 
documents for the entire project, provided that each technical 
segment is signed and sealed only by the qualified engineers who 


epared the segment. 
3. Engineers shall issue public statements only in an objective and 


truthful manner. 

a. Engineers shall be objective and truthful in professional reports, 
statements, or testimony. They shall include all relevant and 
pertinent information in such reports, statements, or testimony, 
which should bear the date indicating when it was current. 

b. Engineers may express publicly technical opinions that are founded 
upon knowledge of the facts and competence in the subject matter. 

c Engineers shall issue no statements, criticisms, or arguments on 
technical matters that are inspired or paid for by interested parties, 
unless they have prefaced their comments by explicitly identifying 
the interested parties on whose behalf they are speaking, and by 
revealing the existence of any interest the engineers may have in the 
matters. 


5 


Engineers shall act for each employer or dient as faithful agents or 

trustees. 

a. Engineers shall disclose all known or potential conflicts of interest 
that could influence or appear to influence their judgment or the 
quality of their services. 

b. Engineers shall not accept compensation, financial or otherwise, 
from more than one party for services on the same project, or for 
services pertaining to the same project, unless the circumstances are 
fully disclosed and agreed to by all interested parties. 

«Engineers shall not solicit or accept financial or other valuable 
consideration, directly or indirectly, from outside agents in 
connection with the work for which they are responsible. 

d. Engineers in public service as members, advisors, or employees 
of a governmental or quasi-governmental body or department shall 
not participate in decisions with respect to services solicited or 
provided by them or their organizations in private or public 
engineering practice. 

e. Engineers shall not solicit or accept a contract from a governmental 
body on which a principal or officer of their organization serves as 
a member. 

Engineers shall avoid deceptive acts. 

a. Engineers shall not falsify their qualifications or permit 
misrepresentation of their or their associates’ qualifications. They 
shall not misrepresent or exaggerate their responsibility in or for the 
subject matter of prior assignments. Brochures or other 
presentations incident to the solicitation of employment shall not 
misrepresent pertinent facts concerning employers, employees, 
associates, joint venturers, or past accomplishments. 

b. Engineers shall not offer, give, solicit, or receive, either directly or 
indirectly, any contribution to influence the award of a contract by 
public authority, or which may be reasonably construed by the 
public as having the effect or intent of influencing the awarding ofa 
contract. They shall not offer any gift or other valuable 
consideration in order to secure work. They shall not pay a 
commission, percentage, or brokerage fee in order to secure work, 
except to a bona fide employee or bona fide established commercial 
or marketing agencies retained by them. 


Ill. Professional Obligations 
1. 


Engineers shall be guided in all their relations by the highest standards 
of honesty and integrity. 

a. Engineers shall acknowledge their errors and shall not distort or 
alter the facts. 

b. Engineers shall advise their clients or employers when they believe 
a project will not be successful. 

Engineers shall not accept outside employment to the detriment of 
their regular work or interest. Before accepting any outside 
engineering employment, they will notify their employers. 

d. Engineers shall not attempt to attract an engineer from another 
employer by false or misleading pretenses. 

e. Engineers shall not promote their own interest at the expense of the 
dignity and integrity of the profession. 


2. Engineers shall at all times strive to serve the public interest. 


a. Engineers are encouraged to participate in civic affairs; career 
guidance for youths; and work for the advancement of the safety, 
health, and well-being of their community. 

b. Engineers shall not complete, sign, or seal plans and/or 
specifications that are not in conformity with applicable engineering 
standards. If the client or employer insists on such unprofessional 
conduct, they shall notify the proper authorities and withdraw from 
further service on the project. 

c Engineers are encouraged to extend public knowledge and 
appreciation of engineering and its achievements. 

d. Engineers are encouraged to adhere to the principles of sustainable 
development’. in order to protect the environment for future 
generations. 


3. Engineers shall avoid all conduct or practice that deceives the public. 
a. Engineers shall avoid the use of statements containing a material 

misrepresentation of fact or omitting a material fact. 

b. Consistent with the foregoing, engineers may advertise for 
recruitment of personnel. 

Consistent with the foregoing, engineers may prepare articles for 
the lay or technical press, but such articles shall not imply credit to 
the author for work performed by others. 

4. Engineers shall not disclose, without consent, confidential information 
concerning the business affairs or technical processes of any present or 
former client or employer, or public body on which they serve. 

a. Engineers shall not, without the consent ofall interested parties, 


9. Engineers shall give credit for engineering work to those to whom 
credit is due, and will recognize the proprietary interests of others. 
a. Engineers shall, whenever possible, name the person or persons 
who may be individually responsible for designs, inventions, 
writings, or other accomplishments. 
b. Engineers using designs supplied by a client recognize that the 


designs remain the property of the client and may not be duplicated 


by the engineer for others without express permission. 

c Engineers, before undertaking work for others in connection with 
which the engineer may make improvements, plans, designs, 
inventions, or other records that may justify copyrights or patents, 
should enter into a positive agreement regarding ownership. 


d. Engineers’ designs, data, records, and not ing exclusively to 


promote or arrange for new employment or practice in connection 
an employer's work are the employer's Scat The employer 


with a specific project for which the engineer has gained particular 

and specialized knowledge. should indemnify the engineer for use of the information for any 
b. Engineers shall not, without the consent of all interested parties, purpose other than the original purpose. 

participate in or represent an adversary interest in connection with a e. Engineers shall continue their: professional development throughout 

their careers and should keep current in their specialty fields by 

engaging in professional practice, participating in continuing 
education courses, reading in the technical literature, and attending 
professional meetings and seminars. 


specific project or proceeding in which the engineer has gained 
particular specialized knowledge on behalf of a former client or 


employer. 
5. Engineers shall not be influenced in their professional duties by 
conflicting interests. 

a. Engineers shall not accept financial or other considerations, 
including free engineering designs, from material or equipment 
suppliers for specifying their product. 

b. Engineers shall not accept commissions or allowances, directly or 
indirectly, from contractors or other parties dealing with dients or 
employers of the engineer in connection with work for which the 

sngineer is responsible 
6. Engineers shall not. attempt to obtain employment or advancement or 
professional engagements by untruthfully criticizing other engineers, 
or by other improper or questionable methods. 
a. Engineers shall not request, propose, or accept a commission on a 


Footnote] “Sustainable development” is the challenge of meeting human 
needs for natural resources, industrial products, energy, food, 
transportation, shelter, and effective waste management while 
conserving and protecting environmental quality and the natural 
resource base essential for future development. 


As Revised July 2007 


“By order of the United States District Court for the District of Columbia, 

former Section 11(c) of the NSPE Code of Ethics prohibiting competitive 
bidding, and all policy statements, opinions, rulings or other guidelines 
interpreting its scope, have been rescinded as unlawfully interfering with the 
legal right of engineers, protected under the antitrust laws, to provide price 
information to prospective clients; accordingly, nothing contained in the NSPE 
Code of Ethics, policy statements, opinions, rulings or other guidelines prohibits 
the submission of price quotations or competitive bids for engineering services 
at any time or in any amount.” 


Statement by NSPE Executive Committee 

In order to correct misunderstandings which have been indicated in some 

instances since the issuance of the Supreme Court decision and the entry of the 

Final Judgment, it is noted that in its decision of April 25, 1978, the Supreme 

Court of the United States declared: “The Sherman Act does not require 

competitive bidding.” 

Itis further noted that as made clear in the Supreme Court decision: 

1. Engineers and firms may individually refuse to bid for engineering services. 

2. Clients are not required to seek bids for engineering services. 

3. Federal, state, and local laws governing procedures to procure engineering 

services are not affected, and remain in full force and effect. 

4, State societies and local chapters are free to actively and aggressively seek 
legislation for professional selection and negotiation procedures by public 
agencies. 

. State registration board rules of professional conduct, including rules 
prohibiting competitive bidding for engineering services, are not affected and 
remain in full force and effect. State registration boards with authority to 
adopt rules of professional conduct may adopt rules governing procedures to 
obtain engineering services. 

6. As noted by the Supreme Court, “nothing in the judgment Prevents NSPE and 

its members from attempting to influence governmental action . 


contingent basis under circumstances in which their judgment may 
be compromised. 

b. Engineers in salaried positions shall accept part-time engineering 
work only to the extent consistent with policies of the employer and 
in accordance with ethical considerations. 

c Engineers shall not, without consent, use equipment, supplies, 
laboratory, or office facilities of an employer to carry on outside 
private practice. 

7. _ Engineers shall not attempt to injure, maliciously or falsely, directly 
or indirectly, the professional reputation, prospects, practice, or 
employment of other engineers. Engineers who believe others are 
guilty of unethical or illegal practice shall present such information 
to the proper authority for action. 

a. Engineers in private practice shall not review the work of another 
engineer for the same client, except with the knowledge of such 
engineer, or unless the connection of such engineer with the work 
has been terminated. 

b. Engineers in governmental, industrial, or educational employ are 
entitled to review and evaluate the work of other engineers when so 
required by their employment duties. 

Engineers in sales or industrial employ are entitled to make 
engineering comparisons of represented products with products of 
other suppliers. 

8. Engineers shall accept personal responsibility for their professional 
activities, provided, however, that engineers may seek indemnification 
for services arising out of their practice for other than gross 
negligence, where the engineer's interests cannot otherwise be 
protected. 

a. Engineers shall conform with state registration laws in the practice 


n 


of engineering. 
b. Engineers shall not use association with a nonengineer, a 
corporation, or partnership as a “cloak” for unethical acts. 


Note: In regard to the question of application of the Code to corporations vis-a-vis real persons, business form or type should not negate nor 
influence conformance of individuals to the Code. The Code deals with professional services, which services must be performed by real 
persons. Real persons in turn establish and implement policies within business structures. The Code is clearly written to apply to the Engineer, 
and it is incumbent on members of NSPE to endeavor to live up to its provisions. This applies to all pertinent sections of the Code. 


National Society of 
Professional Engineerse 


1420 King Street 
Alexandria, Virginia 22314-2794 
703/684-2800 - Fax703/836-4875 


www.nspeorg 
Publication date as revised: July 2007 + Publication #1102 


Figure 25.2 NSPE Code of Ethics (From The NSPE Ethics 
Reference Guide [Alexandria: National Society of Professional 
Engineers, 2011]. Reprinted with Permission of NSPE [11]) 


25.1.8 WhistleBlowing [12] 


When a chemical engineer notices behavior that is possibly or 
potentially unethical, the question is: What action should he or 
she take? As noted in the AIChE and NSPE codes of ethics, 
there are specific avenues for action in the form of heuristics. 
For example, the AIChE code requires members to “formally 
advise their employers or clients (and consider further 
disclosure, if warranted) if they perceive that a consequence of 
their duties will adversely affect the present or future health or 
safety of their colleagues or the public.” The code also requires 
chemical engineers to “offer objective criticism of the work of 
others.” The code states that chemical engineers shall “issue 
statements or present information only in an objective and 
truthful manner.” It is clear that a chemical engineer has the 
responsibility to tell those who engage his or her professional 
services when there is a problem or potential problem. It is clear 
that the chemical engineer should be truthful. What is not so 
clear is what a chemical engineer should do if, after such 
disclosure, the situation persists. 

When is further disclosure “warranted”? What is further 
disclosure? Does a chemical engineer have a responsibility to 
disclose further, if warranted? What are the likely consequences 
of further disclosure? These questions are likely to be the most 
difficult and most important of one’s professional career. 


Deciding that further disclosure is warranted and then 
making that disclosure is called whistleblowing. Most 
instances of whistleblowing share the following characteristics: 

1. Whistleblowing rarely results in correction of the specific situation; 


however, it sometimes changes the prevailing strategy for decision making 
and thus reduces the chance of a further occurrence. 


2. Whistleblowing often brings about severe personal and professional 
problems for the whistleblower. 


Given the above characteristics, why would any chemical 
engineer be a whistleblower? All three codes of ethics 
mentioned in Section 25.1.7 require chemical engineers to 
dedicate their skills to the public welfare, and whistleblowing 
has led to improved automobile safety, safer nuclear and 
chemical plants, better control of toxic wastes, reduced 
government waste, safety improvements in NASA launches, and 
other laudable results. Whistleblowers themselves have stated 
that they could not stand the stress of nondisclosure, which they 
viewed as an abdication of their ethical responsibilities. In other 
words, they could be morally autonomous only by 
whistleblowing. 


Many laws have been created that protect some 
whistleblowers in some circumstances. Federal employees are 
probably the most protected. There is a specific conduit for an 
employee, former employee, or applicant for federal 
employment to make a whistleblowing disclosure, with the 
identity of the whistleblower protected to some extent. And no 
federal employee may engage in reprisal for whistleblowing 
—“take, fail to take, or threaten to take or fail to take a 
personnel action with respect to any employee or applicant 
because of any disclosure of information by the employee or 
applicant that he or she reasonably believes evidences a 
violation of a law, rule or regulation; gross mismanagement; 
gross waste of funds; abuse of authority; and substantial and 
specific danger to public health and safety” (U.S. Code § 
2302(b)). Employees in the private sector are protected by other 
laws and regulations, many of which are summarized on the 
Department of Labor Web site 
(https://www.whistleblowers.gov). Many whistleblower laws 
and regulations exist in other countries and at state and local 
levels. In each case, there is a limited period (30 days is not 
uncommon) during which to file a complaint of retaliation. It 
should be noted that even though the professional engineers’ 
code of ethics requires whistleblowing in some states, 
protection of the whistleblower is not ensured. Many states have 
“employment at will” laws, giving any employer the right to fire 
an employee for any (or no) reason, and this can make it 
difficult to prove reprisal. Engineers in private practice (as sole 
proprietors or partners) may not be protected by many of these 
laws. 

It is possible to go through an entire chemical engineering 
career without whistleblowing, but it is unlikely to go through a 


40-year career without having to face the question of whether or 
not to blow the whistle. Thus, to be able to have the moral 
autonomy to make the decision, what would be done should be 
considered. 


Before deciding to blow the whistle, four key questions need 
to be examined: 


1. What Should Be Done to Solve the Problem without 
WhistleBlowing? The assumption here is that a resolution of the 
problem through normal channels is likely to be more effective, more 
timely, and less stressful than whistleblowing would be. The AIChE and 
NSPE codes require that one attempt these avenues, if they are likely to be 
successful. Furthermore, most whistleblowers (successful or not) indicate 
that whistleblowing should be a last resort. 

2. Is WhistleBlowing Likely to Solve the Problem? One needs to be 
reasonably certain that there is a problem and that the disclosure outside 
normal channels will resolve it. Although merely exposing a problem may 
make one feel virtuous, such action would not be considered 
whistleblowing unless the problem were, in the view of the whistleblower, 
serious, and unless the disclosure were likely to effect a change for the 
better. 

3. What WhistleBlowing Actions Should Be Taken? Some 
whistleblowing occurs within an organization, the most common being 
going over one’s boss’s head. Other whistleblowing involves disclosures 
(anonymous or attributed) to the news media. Many levels of action 
between these two examples are possible. One must consider the action 
that is most likely to effect the change that one wants, consistent with the 
risks that one is willing to take. The goal is to change the situation for the 
better, not just to expose it. 

4. What Are the Potential Consequences to One’s Personal and 
Professional Life? The consequences of disclosure are often serious. 
Loss of one’s job is a clear possibility. Identification as a whistleblower can 
derail or end one’s career; finding another job may be very difficult. If the 
disclosure results in a plant closing, loss of jobs, or financial loss to the 
company or to other property owners, those affected may be very angry 
with the whistleblower. One’s family may encounter cruel treatment from 
those who consider the whistleblower to be the problem. On the other 
hand, nondisclosure could result in danger to employees or to the general 
public, financial damage to shareholders or to taxpayers, or charges of a 
cover-up. Most whistleblowers recommend early discussion of any 
potential whistleblowing action with one’s family. Nearly all wish they had 
legal protection from retribution. Some of these whistleblowing issues are 
demonstrated in Example 25.5. 


Example 25.5 


Insider Information [3, Reprinted by special 
permission from Chemical Engineering, March 2, 1987, 
and September 28, 1987, Copyright © 1987 by McGraw- 
Hill, Inc., New York, NY 10020] 

One day, Lee, a process engineer in an acrylonitrile 
plant, runs into a former classmate at a technical society 
luncheon. The friend has recently taken a job as a 
regional compliance officer for OSHA and reveals, after 
several drinks, that there will be an unannounced 
inspection of Lee’s plant. In a telephone conversation a 
few days later, the friend mentions that the inspection 
will occur on the following Tuesday. 


Lee believes that unsafe practices are too often 
tolerated in the plant, especially in the way that toxic 
chemicals are handled. However, although there have 
been many small spills, no serious accidents have 
occurred in the plant during the past few years. 


What should Lee do? A problem-solving strategy for 
this scenario is suggested, leaving the details to a class 
discussion. 


1. Define: Determine what the problem is and what the ethically 
desired final outcome should be. Reread the relevant codes of 
ethics. What are Lee’s obligations according to the AIChE code of 
ethics? According to the NSPE code of ethics? Are there 
conflicting obligations? 

2. Explore: Brainstorm for solutions in a small group. Consider 
internal (within the company) actions, external actions, and 
nonaction. 


3. Plan: Rank the possible actions according to their likelihood to 
bring about the ethically desired result. Determine the most 
effective order for these actions. Which should be done first? 
Under what circumstances should you go to the next step? When 
would you involve your family and others? Remember that 
internal actions, if effective, are often the faster method to reach 
the desired solution. 

4. Do It: Imagine that you followed through with your plan. 


5. Look Back: Consider the consequences of the proposed actions. 
Do the likely consequences of the actions change the ranking or 
the ordering? Predict the final outcome of the action plan. 
Evaluate the outcome based on your moral, ethical, and legal 
responsibilities. 


25.1.9 Ethical Dilemmas 


Some ethical problems can be solved easily. In fact, this is done 
every day. The goal of this chapter is to help the reader to 
prepare for the difficult choices, the answers to the ethical 
dilemmas. Some problems (such as the examples in this chapter 
and the problems at the end) have no “perfect” solution. 
Whistleblowing, for example, may satisfy one ethical obligation 
while violating another. The same can be said of not blowing the 
whistle. A simple example that many would judge an ethical 
dilemma is Example 25.6. 


Example 25.6 


Initial Employment [6] 

Robin is a senior seeking employment. In January, 
Robin is offered a job by Company X for $7500/month 
and given 10 days to accept the offer. Robin accepts this 
offer. Two weeks later, Robin receives an offer of 
$8000/month and a more exciting position from 
Company Y. What should Robin do? 


At first, many may think the answer is obvious. Some will 
wonder whether this example is even an ethical dilemma. Yet if 
five people are asked for their responses, it is likely that there 


will be more than one answer. What are the student’s 
obligations to Company X after accepting employment but 
before becoming an employee? Some companies have rescinded 
job offers after they have been accepted. Does this fact change 
Robin’s obligations? Should Robin’s family responsibilities 
affect the solution? 

When faced with an ethical dilemma, ethical obligations 
should be ranked. This is perhaps the important heuristic in 
solving ethical dilemmas, but here are others: 


e Rank order your ethical obligations again after brainstorming for 
solutions. 


e Admit that you may not be able to satisfy all of your obligations, but then 
try to satisfy them all. 


e Combine the individual actions identified in the brainstorming into action 
plans. Evaluate each entire plan (rather than individual actions) for its 
consequences and effectiveness. 


e Atsome point in the decision-making process, involve those who are most 
affected by the consequences but who are not active participants in the 
solution (often family, friends, trusted colleagues). 


25.1.10 Additional Ethics Heuristics 


Many heuristics for the solution of ethical problems have been 
presented in Section 25.1. A crucial heuristic is always try to 
develop new heuristics. In this vein, more heuristics are offered: 


e Acquire all the information you can about the situation. The problem may 
be more serious and/or complicated than it first appears, or there may be 
no real problem at all. 


e Be honest and open. This is especially important when dealing with those 
who are predisposed to distrust you. 


e Acknowledge the concerns of others, whether or not you share their 
concerns. 


e Remember that one is only as ethical as one can afford to be. One can 
enhance one’s ability to afford to do the right thing by knowing the 
consequences and by balancing the responsibilities that one accepts with 
the rest of one’s life. 


For other heuristics and for cases to use for rehearsal, see the 
references listed at the end of this chapter and the Internet- 
based resources given in the following section. 


25.1.11 Other Resources 


There are a myriad of resources on engineering ethics. The 
following are a few of the most helpful. 


Center for Engineering, Ethics and Society. This 
center, founded in 2007, incorporates the Online Ethics Center 
(http://www.onlineethics.org), which has many engineering 
ethics resources, including the following: 

e Ethics Cases: More than 470 engineering ethics cases that have been 
developed by organizations (such as NSPE), universities, and others can be 
accessed through this Web site, as well as dozens of essays on engineering 


ethics. These include famous accidents with significant engineering ethics 
issues, such as Three-Mile Island and the space shuttle Challenger. 


e Moral Exemplars: These are accounts of engineers and scientists 


showing leadership in very difficult and important ethical situations. 


e Ethics Codes and Guidelines: There are links to several dozen 
engineering and science codes of ethics, both in the United States and in 
other countries. 


e Educational Resources: This section of the Web site provides typical 
assignments, syllabi, strategies for exploring professional ethics, and 
assessment procedures. 


Engineering Ethics at TAMU. This Web site at 
http://ethics.tamu.edu was developed at Texas A&M University 
through a National Science Foundation grant and provides the 
ethics case studies mentioned above, as well as links to current 
news media articles on real ethics issues. 


National Institute for Engineering Ethics (NIEE). 
This Web site 
(http://www.depts.ttu.edu/murdoughcenter/center/niee/) is 
maintained by the Murdough Center for Engineering 
Professionalism at Texas Tech University. This institute was 
initially created by NSPE, and it developed and distributes the 
excellent engineering ethics videos titled “Gilbane Gold” (1989), 
“Incident at Morales” (2003), and “Henry’s Daughters” (2010). 
Additional study materials are available for each. The NSPE 
ethics cases since 1976 are also available, as is the Ethics 
Resource Guide, an extensive bibliography of 400 books, 
articles, and videos on engineering ethics. Additional resources 
available through this Web site include the following: 


e Applied Ethics in Professional Practice Case of the Month. Each 
month, a new ethics case is presented. One can respond with a suggested 
action, and the results of these responses are available on the site the next 
month. 


e Ethics Resource Guide. An extensive bibliography of 400 books, 
articles, and videos on engineering ethics is given. 


e NAFTA Ethics. This is a report describing the efforts under the North 
American Free Trade Agreement to develop a code of ethics for 
engineering throughout Canada, Mexico, and the United States. The 
“Principles of Ethical Conduct in Engineering Practice under the North 
American Free Trade Agreement” are presented. These principles include 
the aspects of the AIChE code of ethics and go further in two specific areas. 
The NAFTA principles specifically recognize the responsibility of all 
engineers to strive for efficient use and conservation of the world’s 
resources and energy and to examine the environmental impact of their 
actions. It also specifies that whistleblowing (although that term is not 
used) is a responsibility of all engineers and that the order of disclosure 
should be to employer, client, public agencies, and the public. 


American Chemical Society. This technical society is for 
chemists and chemical engineers, although chemists outnumber 
chemical engineers by a wide margin. The ACS “Chemical 
Professional’s Code of Conduct” is given in Figure 25.3. This 
code is “for the guidance of Society members” and is not a 
formal agreement when one accepts membership, as is the case 
for AIChE. It also focuses more on scientific integrity and less 
on professional responsibility to the public than do the 
engineering codes of ethics. 


Chemical Professional's Code of Conduct 
The American Chemical Society expects its members to adhere to the highest ethical stan- 
dards. Indeed, the Federal Charter of the Society (1937) explicitly lists among its objectives 
“the improvement of the qualifications and usefulness of chemists through high standards of 
professional ethics, education and attainments...” The chemical professional has obligations 
to the public, to colleagues, and to science. 

"The Chemist's Creed," was approved by the ACS Council in 1965. The principles of The 
Chemist’s Code of Conduct were prepared by the Council Committee on Professional Relations, 
approved by the Council (March 16, 1994), and replaced "The Chemist's Creed." They were 
adopted by the Board of Directors (June 3, 1994) for the guidance of Society members in various 
professional dealings, especially those involving conflicts of interest. The Chemist's Code of Con- 
duct was updated and replaced by The Chemical Professional's Code of Conduct to better reflect 
the changing times and current trends of the Society in 2007. A previous revision was approved 
by Council on March 28, 2012 and adopted by the Board of Directors on June 1, 2012. The cur- 
rent revision was approved by Council on August 24, 2016 and adopted by the Board of Directors 
on December 2, 2016. 

Their Responsibilities: 


¢ The Public 
Chemical professionals have a responsibility to serve the public interest and safety and 
to further advance the knowledge of science. They should actively be concerned with the 
health and safety of co-workers, consumers and the community. Public comments on 
scientific matters should be made with care and accuracy, without unsubstantiated, exag- 
gerated, or premature statements. 

e The Science of Chemistry 
Chemical professionals should seek to advance chemical science, understand the limita- 
tions of their knowledge, and respect the truth. They should ensure that their scientific con- 
tributions, and those of their collaborators, are thorough, accurate, and unbiased in design, 
implementation, and presentation. 

¢ The Profession 
Chemical professionals should strive to remain current with developments in their field, 
share ideas and information, keep accurate and complete laboratory records, maintain 
integrity in all conduct and publications, and give due credit to the contributions of others. 
Conflicts of interest and scientific misconduct, such as fabrication, falsification, and plagia- 
rism, are incompatible with this Code. 

¢ Their Employer 
Chemical professionals should promote and protect the legitimate interests of their 
employers, perform work honestly and competently, fulfill obligations, and safeguard 
proprietary and confidential business information. 

¢ Their Employees 
Chemical professionals, as employers, should treat subordinates with respect for their 
professionalism and concern for their well-being, without bias. Employers should pro- 
vide them with a safe, congenial working environment, fair compensation, opportunities 
for advancement, and proper acknowledgment of their scientific contributions. 

° Students 
Chemical professionals should regard the tutelage of students as a trust conferred by 
society for the promotion of the students’ learning and professional development. Each 
student should be treated fairly, respectfully, and without exploitation. 

e Colleagues 
Chemical professionals should treat colleagues with respect, encourage them, learn with 
them, share ideas honestly, and give credit for their contributions. Chemical professionals 
should carefully avoid any bias based on race, gender, age, religion, ethnicity, national- 
ity, sexual orientation, gender expression, gender identity, presence of disabilities, edu- 
cational background, or other personal attributes. They should show consistent respect 
to colleagues, regardless of the level of their formal education and whether they are from 
industry, government or academia, or other scientific and engineering disciplines. 

¢ Their Clients 
Chemical professionals should serve clients faithfully and incorruptibly, respect confi- 
dentiality, advise honestly, and charge fairly. 

¢ The Environment 
Chemical professionals should strive to do their work in ways that are safe for the envi- 
ronment. They have a responsibility to understand the total impact of their work, to rec- 
ognize the constraints of limited resources, and to develop sustainable products and 
processes that protect the health, safety, and prosperity of future generations. 

¢ To Temporary Employees 
Chemical professionals should establish clear job descriptions, scope of work, terms of 
contract, and appropriate compensation prior to start of work by contractors, interns, or 
consultants. They are also responsible for communicating safety concerns and provid- 
ing necessary training associated with expected work. 


Figure 25.3 Chemical Professional’s Code of Conduct 
(Reprinted with Permission of the American Chemical Society 


National Society of Professional Engineers. The Web 
site of NSPE (http://www.nspe.org) contains one of the most 
extensive collections of items related to engineering ethics. 
There are 500 cases (1958—2010) from the Board of Ethical 
Review, a list of articles, books, Web sites, and the following 
videos: 

e “Henry’s Daughters”: This 32-minute video involves ethical 
complications when a father consults for a company that is in direct 
competition with another company employing his daughter. The winner of 
the competition is to be decided by a Department of Transportation team 
led by his other daughter. A study guide, script, presentation handout, and 


suggested assignment can be downloaded from the NIEE Web site. 
Produced in 2010, with subtitles in 13 languages. 


e “Gilbane Gold”: This 24-minute video presents an excellent case study 


involving a chemical/environmental engineer, an electrical engineer, a 
manager, a mechanical/industrial engineer, a public agency, two 
engineering consultants, and the news media. A study guide, PowerPoint 
presentation, and the script can be downloaded free from the NIEE Web 
site. Produced in 1989. 


e “Incident at Morales”: This 36-minute DVD presents a complex case 
involving a new chemical product, moving production from the United 
States to Mexico, environmental, technical, safety, and financial concerns, 
and the need to make decisions quickly. A study guide, PowerPoint 
presentation, and the script can be downloaded free from the NIEE Web 
site. Produced in 2003, rereleased in 2005 with subtitles in 13 languages. 


e “Ethics Test”: This 25-item, true-false examination is an excellent way to 
examine one’s knowledge of the NSPE code of ethics. Answers, with 
section references, are provided. 


25.2 PROFESSIONAL REGISTRATION 


To be recognized as a chemical engineer and to offer such 
services to the public, it is necessary to be a licensed (registered) 
professional engineer. Each state (and other U.S. jurisdictions) 
has its own Board of Professional Engineers and its own 
regulations on licensure and practice. However, engineers 
registered in one state can generally become registered in any 
other state: the experience must be certified, testing may be 
required, there may be other requirements to the new state, and 
a fee must be paid. 


Although the professional engineer laws bar those not 
registered from offering their engineering services to the public, 
most states have a “corporate exemption.” This exemption 
excludes from the licensure requirement engineers who offer 
their engineering services only to their employer and not to any 
outside firm or individual. If the firm offers engineering 
services, a licensed professional engineer must still sign, seal, 
and take responsibility for all such services. Stretched to the 
limit, this would mean that only the chief engineer of the firm 
would need to be a professional engineer. However, because the 
seal of the professional engineer on the engineering report or 
drawing certifies that the details of work have been checked by 
that engineer, in practice, all principal engineers in the firm 
need to be licensed. In the language of the law, anyone in 
“responsible charge” of engineering work must be licensed. 


There are many reasons to become a licensed professional 
engineer, even though many chemical engineers historically 
have not been. 


1. One cannot be in “responsible charge” of engineering work that will be 
offered to other firms or to the public (or indeed call oneself an “engineer” 
in some states) without a PE license. Effectively, this means that chemical 
engineers who work for engineering design or engineering and 
construction firms need to be licensed early in their careers. Chemical 
engineers in many other kinds of firms will need to be licensed before they 
can rise above a certain technical level. And one cannot be a consultant or 
an expert witness without a license. 

2. The corporate exemption described above is under review in many states 
and could be eliminated. This is a serious career concern, because most 
states have already eliminated the “grandfather clauses” that previously 


allowed someone with many years of significant experience in the field to 
be granted a PE license without the normal examinations. If the corporate 
exemption is rescinded, the status of engineers who are licensed will be 
enhanced, whereas other engineers will need to study for and pass the 
examinations and to document the appropriate years of engineering 
experience just to retain their status. 


3. Inthe past, many states exempted their own government employees from 
PE requirements; however, there is a strong move to eliminate all such 
exemptions. In fact, many states now require all government employees 
who have the word engineer in their job title to be PEs. There is also a 
move to require engineering design professors to be registered, which is 
already the case in 11 states. 

4. Professional engineer registration is an indication to potential employers, 
as well as to the general public, of one’s competence in the field. 


There are two steps to becoming registered: engineerin-training 
and professional engineer. 


25.2.1 Engineerin-Training 


The first level of certification is as an engineerin-training (EIT). 
As an EIT (also known as an engineering intern), one may begin 
to acquire engineering experience as an employee, but one may 
not offer services as an engineer directly to the public (or to 
firms other than one’s employer). To obtain EIT certification, 
one must take and pass the Fundamentals of Engineering (FE) 
exam, sometimes referred to as the EIT exam. This is a six-hour, 
closed-book, largely multiple-choice examination on a wide 
range of technical subjects typically covered in chemical 
engineering programs. The exam is given at authorized, 
computer-based testing centers throughout the year. More 
information is available at http://www.ncees.org. 

To sit for the FE exam, one must have completed or be about 
to complete a B.S. in an engineering field from a department 
that is accredited by ABET. Most U.S. chemical engineering 
departments are so accredited, and an increasing number of 
programs outside the U.S. are becoming accredited by ABET. 
Some states still allow a person with a nonengineering degree 
(or a nonaccredited engineering degree) to take the exam after 
acquiring substantial experience. Applicants with engineering 
degrees from other countries can sit for the exam if ABET 
certifies that the curriculum they followed is “substantially 
equivalent” to a U.S. ABET-accredited program. All applicants 
must pay a fee to the state board, and references must be 
provided to certify that one is of good character. The address of 
the State Board for Professional Engineers can be obtained from 
any chemical engineering department or on the Internet at 
http://www.ncees.org. 

The examination is best taken while still an undergraduate. 
The examination is written by the National Council of 
Examiners for Engineering and Surveying (NCEES, Clemson, 
SC 29633, http://www.ncees.org), from whom sample 
examinations and study materials can be obtained. A 260-page 
NCEES FE Supplied-Reference Handbook is provided at the 
examination. Applicants cannot bring any materials to the 
examination except a calculator that meets certain 


requirements. The FE Supplied-Reference Handbook is 
available for free downloading from the NCEES Web site, and it 
should be studied extensively before the examination date. 

The FE exam consists of 110 multiple-choice questions (four 
choices per question) on the specific engineering field chosen, 
with a few questions that might involve multiple correct choices, 
point-and-click answers, drag-and-drop answers, or fill in the 
blank answers. There are separate exams for chemical, civil, 
electrical and computer, environmental, industrial and systems, 
and mechanical engineering plus one for other disciplines. 
Table 25.1 shows the breakdown of topics for the chemical 
engineering exam. 


Table 25.1 Subject Categories for the Chemical 
Engineering FE Exam (Time Allowed: 6 Hours, 
Including a Tutorial and Optional Break) 


Average Number of Questions 


Safety, Health, and 5-8 


Subject (Approx.) 
| Mathematics 8-12 | 
| Probability and Statistics 4-6 | 
| Engineering Sciences 4-6 | 
| Computational Tools 4-6 | 
| Materials Science 4-6 | 
| Chemistry 8-12 | 
| Fluid Mechanics/Dynamics 8-12 | 
| Thermodynamics 8-12 | 
Material and Energy 8-12 
Balances 
| Heat Transfer 8-12 | 
Mass Transfer and 8-12 
Separation 
Chemical Reaction 8-12 
Engineering 
Process Design and 8-12 
Economics 
| Process Control 5-8 | 
| | 


Environment 


Ethics and Professional 2-3 
Practice 
Total 110 


Over the years, the definitions of these subject categories 
have changed. The latest information is always available on the 
NCEES Web site. 


Many engineering schools provide refresher courses. In 
addition to this refresher, or in case no such opportunity is 
available, a good strategy for preparing for the examination is 
the following: 


1. At least six weeks before the exam, form a study group of people who are 
planning to take the FE exam on the same day. 

2. Study all the chapters of the FE Supplied-Reference Handbook. There are 
two reasons to do this. First, this is the only reference material available 
during the exam. Second, it shows the level of depth, breadth, and detail 
that is involved in the examination questions. Become familiar with the 
location of the material in the book and the use of the table of contents 
and the index. If any parts of these chapters are unfamiliar, study those 
topics using prior course notes, textbooks, and FE study books. This part 
of the preparation should take about two weeks. 

3. If any of the topics covered in the chapters are unfamiliar because they 
were not covered in your curriculum, consult the course instructor for 
appropriate introductory textbooks and study guides. The group should 
study these topics together. In most cases, this should take about a week. 

4. Purchase sample exams either through the NCEES Web site or through 
one of the many commercially available FE study books. 

5. Randomly choose 10 questions for each member of the study group. Each 
member takes one exam in 30 minutes, using only the FE Supplied- 
Reference Handbook and an approved calculator (see the NCEES Web 
site). After the exam is taken, look at the correct answers and then share 
experiences among the group members, in terms of both test-taking 
strategy and the questions themselves. 

6. After studying the topics of the questions answered incorrectly in Step 5, a 
quarter-scale or half-scale version of the exam should be attempted, about 
a week later. Again, the experiences of all group members should be 
shared. 

7. After studying any topics related to questions answered incorrectly on this 
exam, a final, full-length practice exam should be taken under real FE 
exam conditions. In all of these postexam study sessions, it is important to 
study the general topic area of concern, and not just the specific question. 

8. On the night before the exam, a good night’s rest is essential. On the day 
of the exam, arrival at the exam site early is a must. 


Scores on the FE examination available seven to ten days 
after the test date. The NCEES recalibrates the passing score 
because some examinations turn out to be slightly more or less 
difficult than anticipated. The procedure used to perform this 
recalibration is standard across nearly all standardized tests; 
the typical passing score is 70%. For the 2016 FE examinations, 
74% of all applicants taking the chemical engineering FE exam 
for the first time passed. Rules for retaking the exam vary from 
state to state. 


Many engineers who take the FE exam after they graduate 
wish they had taken it earlier. The examination is geared toward 
the material covered in B.S. engineering programs, and many 
engineers become more specialized during their careers. Those 
engineers would require more preparation for the FE 
examination. Also, the designation of engineerin-training on 
one’s credentials certainly makes a candidate more attractive to 
a potential employer. Finally, the next step in the registration 
process requires specific engineering experience, and many 
states count only experience that is gained after registration as 
an engineerin-training. Thus, if one decides to become a PE at a 
later date, one may have to wait four years more to become 
registered. Significant opportunities may be lost in the 
meantime. 


25.2.2 Registered Professional Engineer 


After becoming an engineerin-training, one must acquire 
considerable engineering experience before taking the 
Principles and Practice examination (often called the PE exam). 
In most states, four years of responsible work must be certified 
by engineers for whom the applicant has worked or engineers 
who have reviewed the applicant’s work in detail and can attest 
to its quality. Generally, only registered professional engineers 
may certify experience. Character references are also required. 

The Chemical Engineering Principles and Practice exam is 
an nine-hour, open-book, multiple-choice examination. There 
are 80 questions, mostly multiple choice; however, there are 
also alternative item types as in the FE exam. A separate exam 
is given for each field of engineering. The Chemical Engineering 
exam is administered electronically and year-round at 
authorized testing centers. As with the FE exam, recalibration to 
ensure uniform difficulty in passing the examination is 
performed. On the April 2017 Chemical Engineering PE exam, 
73% of applicants taking the exam for the first time passed. 
Only 39% of those retaking the exam passed. The results are 
available seven to ten days after taking the exam. 

The difficulty of questions on the PE exam is roughly 
equivalent to that of the questions on a final exam in the 
respective course. The questions are design oriented. The topics 
covered are shown in Table 25.2. Note that thermodynamics 
questions are included in both the mass and the energy balances 
subjects and in the mass transfer subject. Preparing for the PE 
exam generally takes more effort than preparing for the FE 
exam. Full-length, hard-copy practice exams are available from 
NCEES and various publishers. Many applicants also take a 
refresher course, available through AIChE local sections and 
commercial services. In addition to the national Chemical 
Engineering PE exam, most states require a short law exam on 
the legal requirements for engineering practice in that state. 


Table 25.2 Subject Categories for the Chemical 
Engineering PE Exam 


Average Number of Questions 


Subject (Approx.) 
Mass/Energy Balances and 16-24 
Thermodynamics 

| Heat Transfer 11-16 | 

| Kinetics 8-12 | 

| Fluids 11-16 | 
Mass Transfer (includes 10-15 
separations) 

| Plant Design and Operation 14-21 | 
Total 80 


To renew a PE license, continuing professional competency 
must be demonstrated by documenting 15 professional 
development hours (PDHs) per year, although some states allow 
averaging over two years. Typical activities that can count 
(under specific rules) for PDHs are taking a course, attending 
seminars, publishing articles or books, and receiving a patent. 

A PE license can be revoked by the state board for violation 
of the engineering code of ethics for that state. Such revocation 
becomes a matter of public record. 


25.3 LEGAL LIABILITY [13] 


Chemical engineers often encounter legal liability for their 
work. Legal advice cannot be provided in this book, but some of 
the situations in which a chemical engineer should seek legal 
counsel are noted. Perhaps the best advice is to take a short 
course in legal issues for engineers early in your career and seek 
the advice of a licensed attorney if there are any doubts about 
your legal rights, obligations, or liabilities. 

When applying for registration as an engineerin-training or 
a professional engineer, each person is given a copy of the 
appropriate state laws and regulations and he or she is required 
to certify that these are understood. These should be studied in 
detail. Beyond these specific licensing requirements, a chemical 
engineer must deal with government regulations, contracts, and 
issues of civil and even criminal liability. 

For example, throughout a chemical engineering career, it is 
necessary to deal with government agencies such as the 
Environmental Protection Agency (EPA), Occupational Safety 
and Health Administration (OSHA), Department of 
Transportation (DOT), and others. Federal and state laws give 
these agencies authority to regulate industry and commerce by 


enacting various regulations. For federal agencies, these 
regulations are first published in the Federal Register and then 
periodically cataloged in the Code of Federal Regulations 
(CFR). These documents are available in most large libraries 
and in all law libraries as well as online 
(http://www.gpo.gov/fdsys). It is worthwhile to look at some of 
these regulations while you are still in school, to become aware 
of the scope, detail, and format of these documents. The 
regulations cover, for example, maximum concentrations for 
wastewater discharges, approved process safety procedures, and 
requirements for transportation of hazardous materials. They 
are generally written by technically trained professionals (often 
engineers), although the wording will have been checked by the 
legal staff. Thus, it is expected that competent chemical 
engineers can and will read, understand, and follow these 
regulations. 

Sometimes the engineer’s responsibilities are greater than 
they might first appear. For example, OSHA sets maximum 
permissible employee exposure levels for many substances, but 
adherence to these may not be enough, because the general 
duty clause of the OSHA Act of 1970 has been interpreted as 
requiring an employer to avoid exposing employees to any 
hazards that are known or that should be known to the 
employer. If a substance is known to cause harmful effects (e.g., 
such a study has been published or the company has proprietary 
knowledge of such effects), the employer must control employee 
exposure even though OSHA has no standard for that 
substance. 


Contracts are another form of legally binding document, in 
which two or more parties agree to accept one or more 
obligations. Before signing any written contract or agreeing to 
any oral contract, one should understand one’s obligations and 
what consideration (e.g., payment) is promised in return from 
the other party. Upon obtaining employment, one may be asked 
to sign an employment contract in which consideration (salary) 
is offered in return for certain chemical engineering services to 
the firm, and for adherence to specific codes of conduct (see 
Section 25.4). If any aspect of a contract is unclear, one should 
obtain legal counsel. If one is signing the contract on behalf of 
the firm, the firm’s attorney is consulted. If one is signing as an 
individual, a private attorney is consulted. Whenever there is 
any indication that either party may not live up to its 
obligations, appropriate counsel should be consulted. 


Beyond the legal issues of contracts, civil legal actions 
(known as torts) sometimes involve engineers. These suits are 
brought when some action or lack of action by the defendant is 
alleged to have caused injury (physical, financial, or emotional) 
to the plaintiff. Both compensatory damages (to pay for 
correction of the injury) and punitive damages (to punish the 
party that did the injury) can be recovered by the plaintiff. 
Again, good advice here is to consult legal counsel whenever 


such circumstances arise or are anticipated to arise. 

Finally, engineers can face criminal prosecution for actions 
such as falsifying records submitted to federal regulatory 
agencies or willfully subjecting employees to hazardous 
environments. Although such actions are rare, the penalties are 
severe. 


25.4 BUSINESS CODES OF CONDUCT 
[14,15] 


Most firms have formal codes of conduct that must be adhered 
to as a condition of employment. Often one is asked to sign 
these on the first day of work. As with any contract, it is 
important to read and to understand all of the details and to 
then fulfill all of the obligations undertaken. If an employee 
does not adhere to the code, he or she may be fired. 


In consideration for employment, a chemical engineer (or 
any employee) accepts what are called fiduciary 
responsibilities. This means that trust has been placed in the 
engineer to act faithfully for the good of the firm. This is a 
general legal principle and is covered in the AIChE code of 
ethics. 


Related to fiduciary responsibilities is the avoidance of 
conflicts of interest. The focus here is to avoid circumstances 
where you have, or appear to have, contradictory obligations. 
For example, if you own stock in a valve manufacturer, it would 
be a conflict of interest if you were to order valves from that 
company for your present employer, if there were another 
supplier of equal-quality valves at a lower price. In general—and 
especially in government service, where the regulations are 
quite strict—not only actual conflicts of interest but also 
apparent conflicts of interest must be avoided. The test is that, if 
a reasonable person could reasonably assume there to be a 
conflict of interest, there is an apparent conflict of interest. 


It is assumed that much information about employees will 
become known to the company. In a typical business code of 
conduct, personnel information must be kept confidential. That 
is, such information may not be released to anyone outside the 
firm and released only to those within the firm who have a clear 
need to know. Strict adherence to such an agreement is 
essential. 

In the business code of conduct or in a proprietary secrecy or 
patent agreement, the employee agrees that certain knowledge 
gained and discoveries made through employment are the 
property of the firm and may not be divulged to others. It is 
crucial that engineers read and understand this agreement in 
detail before signing. Much of the value of a firm resides in 
proprietary knowledge, that is, knowledge that is not shared 
with others. Breaching a secrecy agreement can be very costly to 
a firm, and the engineer could be in serious legal trouble. 
Similarly, a firm hires a chemical engineer to do work that often 


results in patentable discoveries. If such discoveries are made 
on company time, with company property, or with proprietary 
knowledge, the patent agreement will require disclosure to the 
firm and assignment of patent rights to the firm. If discoveries 
are made completely outside the realm of employment, 
extremely careful and complete notes should be kept to avoid 
patent ownership difficulties. 

If the firm has significant international operations, the code 
of conduct generally covers the conduct of employees 
representing the firm abroad. Because business customs vary 
widely from country to country, this can be an especially 
important subject. Before leaving the country on assignment, it 
is crucial to obtain as complete knowledge as possible both 
about the customs and laws of the other country and about any 
changes in business procedure that are authorized by the firm. 
The U.S. government forbids representatives of U.S. 
corporations from engaging in certain business practices, even 
if they are customary in that country. 

A final aspect of business conduct that must be considered, 
and that might be included in the code of conduct, is employee 
relations. Specific guidelines for hiring and firing of employees 
must be followed to avoid legal difficulties. Whenever you are in 
a position to hire or fire, you must be proactive to learn the 
appropriate company procedures. There are specific legal 
requirements about what information you cannot request from 
job applicants and what information you can use to make 
employment decisions. Also, most business codes of conduct 
include requirements to avoid any discriminatory or harassing 
behavior. Good advice here, as mentioned above regarding 
conflicts of interest, is to avoid even the appearance of 
discrimination or sexual harassment. 


25.5 SUMMARY 


In this chapter, the role of ethics in the chemical engineering 
profession was explained and strategies were provided for 
making ethical decisions. The framework for registration of 
professional engineers in the United States was also described, 
including strategies for preparing for the licensing examination. 


WHAT YOU SHOULD HAVE LEARNED 


Morality relates to beliefs; ethics relates to behavior. 


Moral autonomy is the ability to make one’s own ethical decisions. 


Legality and legal obligations may supersede ethics. 


The AIChE and NSPE have codes of ethics. 
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PROBLEMS 


. Proprietary Information [6]: I am a senior. Last 


summer, I had an excellent job designing a new type of heat 
exchanger that the company was developing. When I 
returned to school, my professor asked me to use my 
knowledge on a design project, and to explain heat- 
exchanger design to other seniors in the design group. I 
really feel that I have something exciting to share with my 
fellow classmates. Is it ethical for me to share my 
experiences with my colleagues? 


. Medical School [6]: I am a senior in chemical engineering, 


but I plan to go to medical school next year. I have not been 
accepted yet. I want a good summer job, and yet, if my 
application for medical school is turned down, I would want 
the job to be permanent. Jobs are hard to get, and the 
interviewers with whom I have talked so far will offer me 
permanent employment but not summer employment. I 
have three interviews left. What do I tell these interviewers? 


. Sophomore [6]: I am a sophomore. None of my classmates 


has a summer job. Jobs are hard to get, and I need money to 
pay for school next year. I have been offered a well-paying 
job with lots of engineering experience to work on the 
production of propellants/explosives for antipersonnel 
mines. Personally, I strongly believe that this product should 
not be manufactured. Should I accept the job? Should I tell 
the company of my personal beliefs? 


. Not a Hazard as Defined [3, Reprinted by special 


permission from Chemical Engineering, March 2, 1987, and 
September 28, 1987, Copyright © 1987 by McGraw-Hill, 
Inc., New York, NY 10020]: In a unit where grain is steeped, 
sulfur dioxide is added directly to grain and water. 
Operators have long complained about sulfur dioxide fumes, 
citing runny noses, teary eyes, coughing, and headaches. The 
concentration has been checked many times and has always 
measured lower than OSHA specifications. Management’s 
stance has always been, “Don’t spend money to fix 
something if it isn’t broken.” A few employees have quit, 
citing allergies and other medical problems. Operators in the 
area have requested an engineering study to remedy the 
situation. Chris is given the job of investigating whether the 
exhaust fan should be replaced with an expensive ventilation 
system. What are Chris’s obligations? Can they all be met? 
What creative strategies can you suggest to Chris to deal 
with this situation? 


. Improving a Reaction [5, Reprinted with permission of 


AIChE]: Look up this article, and write a one-page response 
to the case. Then look up the reader responses. Write a one- 


page reflection on the case. 


6. The Falsified Data Strike Back [2, Reprinted by special 


10. 


permission from Chemical Engineering, May 5, 1980, and 
September 22, 1980, Copyright © 1980 by McGraw-Hill, 
Inc., New York, NY 10020]: In the case described in Section 
25.1.2, Jay has written the report to suit the boss, and the 
company has gone ahead with an ambitious 
commercialization program for Catalyst A. Jay has been put 
in charge of the pilot plant where development work is being 
done on the project. To allay personal doubts, Jay runs some 
clandestine tests on the two catalysts. To Jay’s astonishment 
and dismay, the tests determine that even though Catalyst A 
works better under most conditions (as everyone had 
expected), at the operating conditions specified in the firm’s 
process design, Catalyst B is indeed considerably superior. 
What should Jay do? 


. Contact the Board of Registration for Professional Engineers 


in your area. Determine what code of ethics is required and 
what are the specific requirements for registration. 


. Ina small group (approximately four students), obtain 


examples of codes of conduct from different companies and 
compare their features. 


. Develop five heuristics (not mentioned in this chapter) for 


ethical problem solving. 


Develop a scenario of an ethical dilemma, and, in a small 
group, use a problem-solving strategy to analyze it. 


11. Find the Process Safety Management regulation in the Code 


12. 


13. 


14. 


15. 


of Federal Regulations (29CFR1900.119), and write a two- 
page synopsis of it. 


View the (24-minute) video “Gilbane Gold,” National Society 
for Professional Engineers, 1989. Evaluate the actions taken 
by the plant manager, the production engineer, the 
environmental engineer, and the two consulting engineers. 
Write a group report detailing this evaluation and referring 
to sections of the NSPE code of ethics where appropriate. 


View the (two-hour) movie Acceptable Risks, ABC-TV 
productions, 1986. Evaluate the actions taken by the 
headquarters management, the plant manager, the 
production engineer, and the maintenance engineer. Write a 
group report detailing this evaluation and referring to 
sections of the AIChE code of ethics where appropriate. 


Study the student code of conduct (sometimes referred to as 
the honor code, the definition of academic dishonesty, or the 
students’ rights and responsibilities) at your institution. 
Develop a hypothetical (but plausible) case concerning 
engineering students. Present the case to the class for a 30- 
minute discussion. 


The NCEES Rules of Professional Conduct (in the FE 


Supplied-Reference Handbook) was developed as a model 
code to be accepted by or modified by the individual state 
boards of professional engineers. Compare it with the AIChE 
code of ethics and with the NSPE code of ethics. 


Chapter 26: Health, Safety, and the 
Environment 


WHAT YOU WILL LEARN 


e The basics of health, safety, and the environment 


One goal of chemical engineering is to produce goods and 
services that enhance the quality of life. Chemical engineers 
have been at the forefront of efforts to improve health (e.g., 
pharmaceuticals), safety (e.g., shatterproof polymer glasses), 
and the environment (e.g., catalytic converters). Moreover, 
throughout the product life cycle, chemical engineers are 
concerned with potential harm to the health and safety of 
people and damage to the environment. This chapter focuses on 
assessment of these potential dangers. Chapter 27 focuses on 
proactive strategies to avoid them. 


Although many of the chemical processing industries regard 
improvements of health, safety, and the environment (HSE) as 
one general function, the U.S. government has separated the 
field into distinct categories, based on the varying rights 
afforded to different classes and for historical purposes. The 
health and safety of employees, for example, is regulated by the 
Occupational Safety and Health Administration (OSHA), 
whereas the health of nonemployees and the environment are 
regulated by the Environmental Protection Agency (EPA). Other 
activities are regulated by the Department of Transportation 
(DOT) or the Department of Energy (DOE), among other 
agencies. 


An exact description of applicable laws, rules, and 
regulations would be out of date before any textbook could be 
printed; rather, this chapter describes the types of regulations 
that are relevant to chemical engineering and provides guidance 
on where to find the current (and proposed) regulations. The 
focus is on the general concepts and strategies of risk 
assessment and reduction that transcend the details of 
regulations. 


26.1 RISK ASSESSMENT 


There are many ways to view risks to a person’s health or safety. 
Some people will knowingly accept tremendous risk (such as in 
rock climbing or smoking), some expose themselves to risk 
perhaps without knowing (such as by sunbathing), and some 
refuse to be exposed at all to certain risks (such as extremely 
low concentrations of pesticides in food). Generally, people are 
much more accepting of risks that they choose (voluntary 


exposures) than to risks that are forced upon them (involuntary 
exposures). Also, people are generally much more accepting of 
risks that they understand than they are of risks that they do not 
understand. For example, the population at large tends to 
accept that human activity often degrades rivers and lakes with 
biological and chemical pollution, but they do not accept any 
measurable radioactive emissions from power plants. 


26.1.1 Accident Statistics 


Engineers quantify risks to provide a rational basis for deciding 
what activities should be undertaken and which risks are worth 
the benefits provided. These decisions are frequently made by 
nonengineers; thus, it is essential that the measures that 
engineers use be understandable to the public. For this reason, 
several measures have been established. 


The OSHA incidence rate is the number of injuries and 
illnesses per 200,000 hours of exposure. Any injury or work- 
related illness that results in a “lost workday” is counted in the 
ratio. Thus, minor injuries that can be treated with first aid are 
not counted, but counted injuries range all the way to death. 
The 200,000 hours is roughly equivalent to 100 worker years. 
The OSHA incidence rate illustrates two features of risk 
measures: the details of the accident are not included, and these 
measures can be used for non-work-related exposures. 


The fatal accident rate (FAR) is the number of fatalities 
per 10° hours of exposure. Only fatalities are counted, and the 
100,000,000 hours is roughly equivalent to 1000 worker 
lifetimes. Although only deaths are counted, in many fields 
there is a strong correlation between numbers of injuries and 
numbers of deaths. Thus, the reasonable presumption is that a 
decrease in the FAR will also decrease the OSHA incidence rate. 


For some exposures, the available data are insufficient to 
determine the total time of exposure. For these cases, the 
fatality rate can be used. This measure is the number of 
fatalities per year divided by the total population at risk. For 
example, the exposure of individual smokers is extremely 
variable because of differences in type of cigarette, number of 
inhalations per cigarette, and so on. However, the fatality rate 
can be determined (~0.005), which gives a rough estimate of 
the chance that a smoker will die this year from smoking- 
related causes of 0.5%. 


Table 26.1 shows some representative numbers of these 
three risk measurements. One of the possibly surprising 
observations is that the chemical process industries are 
relatively safe (for workers) compared with many other 
industries. There are many reasons for this, ranging from the 
high level of remote sensing and operation, which separates 
workers from the most dangerous parts of the plant, to the 
historical concern for the hazards of industrial chemicals. 
Regardless of the reasons, chemical engineers continue to try to 
improve the safety of chemical plants. 


Table 26.1 Comparison of Three Risk Measurements 


OSHA Incident Fatal Accident Fatality Rate 
Rate (Injuries and Rate (Deaths (Deaths per 
Deaths per 200,000 per 100,000,000 Person per 
Activity h) h) Year) 


Working in 1.9 2.8 
chemical 
industry 


Staying at 3 
home 


Working in 2.8 11.1 
construction 


car 


Rock 4000 40 x 10° 
climbing 


Smoking (1 5000 x 10° 
pack per 
day) 


Traveling by 57 170 x 10° 


Being struck by 


lightning 1x10” 


Source: Crowl, D. A., and J. F. Louvar, Chemical Process Safety: 
Fundamentals with Applications, 3rd ed. (Englewood Cliffs, NJ: 
Prentice Hall, 2011) [1]. 


Another observation is that there are differences in relative 
rankings if one uses the different risk measurements. Perhaps 
most striking is that the FAR for employees of the chemical 
industry is only slightly higher than the FAR for people staying 
in their homes. However, this is a potentially misleading 
comparison. The portion of the population that works is on 
average more healthy than the portion that does not. Also, most 
people take risks at home that they would not be allowed to take 
at work. Finally, a worker is probably more tired and prone to 
accidents at home after a hard day at work. 

The main use of these statistics is not to compare one 
activity with another (unless they can be substituted for one 
another) but to monitor improvements to the health and safety 
of workers and others achieved by process modifications. 


26.1.2 Worst-Case Scenarios 


Another measure of risk is to imagine the worst possible 
consequence of an operation. Such a study is called a worst- 
case-scenario study, and it is required by some government 
agencies. These studies have some drawbacks, but they can be 
very useful in identifying ways to avoid serious accidents. A 


related strategy that is routinely used throughout the industry 
for identifying potential hazards is called HAZOP and is 
discussed in Section 26.4. 


The development of worst-case scenarios is certainly 
subjective, but government agencies and organizations develop 
guidelines for this task. For example, there is certainly a chance 
that an asteroid will impact Earth directly in the middle of the 
chemical plant. Should this be the worst-case scenario? Most 
people would argue that this takes the worst-case scenario study 
beyond reason, but there are no clear-cut rules. The subjective 
rules that have been developed contain definitions such as the 
worst accident that might reasonably be assumed possible over 
the life of the facility. Different people would define “possible” 
(or “probable”) in different ways. Is sabotage by an employee 
possible? Is the simultaneous failure of three independent 
safety systems probable? Certainly the events of September 11, 
2001, have indicated that a terrorist-attack scenario is not 
impossible. Sometimes probabilities of occurrence can be 
estimated, but often they cannot. 


By EPA definition (40CFR68.3), “Worst-case release means 
the release of the largest quantity of a regulated substance from 
a vessel or process line failure that results in the greatest 
distance to an endpoint defined in § 68.22(a).” This end point is 
a specified concentration of a toxic substance, an overpressure 
of 1 psi for explosions, a radiant heat flux of 5 kKW/m° for 40 
seconds for a fire, or the lower flammability limit for a 
flammable substance, whichever is appropriate. Thus, the worst 
case is defined by the size of the area adversely affected by the 
release. There are also definitions of how much of the material 
in a tank (often 100%) should be considered over what period of 
time (often 10 minutes) in the scenario. 


All this is to say that worst-case-scenario analyses can be 
extremely helpful, but they are difficult to perform and 
potentially difficult to understand. They are most useful when 
specific guidelines are followed and when they are used to 
enhance safety by developing safeguards against the accident 
scenarios developed. For the risk management plan described in 
Section 26.2.2, worst-case-scenario analyses are required by 
regulation. 


These guidelines are constantly changing, so they are not 
described in detail here. The most current guidelines should be 
obtained from the EPA, OSHA, or other agencies. 


26.1.3 The Role of the Chemical Engineer 


As the professional with the best knowledge of the risks 
of a chemical processing operation, the chemical 


engineer has a responsibility to communicate those 
risks to employers, employees, clients, and the public. 


It can be very difficult to explain FARs in deaths per 10° hours 


to the general, nontechnical public. However, the consequences 
of failure to explain rationally and honestly to the public the 
risks and the steps taken to reduce those risks are tremendous. 
The ethical role of the chemical engineer in this communication 
is discussed in Chapter 25. Beyond those responsibilities, the 
damage from poor communication can destroy an industry. For 
example, the nuclear power industry in the United States has 
been affected in large part by the failure to communicate risks 
to the general public in a way that it could understand. When 
even relatively minor accidents occur, many feel that they were 
misled by engineers who seemed to have said that there were no 
risks, no chance of an accident. 


26.2 REGULATIONS AND AGENCIES 


Rules and regulations arise both from governmental agencies 
and from nongovernmental organizations (such as AIChE). 
These rules and regulations change constantly, and the most 
up-to-date rules should always be determined. The following 
sections describe the kinds of rules and regulations 
promulgated (put into effect by formal public announcement) 
by various organizations. The actual agency should be contacted 
directly for the latest rules. 

Federal government rules and regulations are published in 
the Federal Register (FR), which is issued daily. Notices of 
proposed or pending regulations are also given in the FR. 
Annually, the regulations of a specific type are collated and 
published in the Code of Federal Regulations (CFR). Both the 
FR and the CFR are available in large libraries and in all law 
libraries, as well as on the Internet. In Table 26.2 the Internet 
addresses for the FR and CFR as of the date this book is written 
are provided. Because Internet addresses change frequently, the 
use of a search engine to find new URLs is suggested if the links 
given here are broken. However, note that only server addresses 
ending in “.gov” are official U.S. government Web sites. 


Table 26.2 Internet Addresses for Federal Agencies 


Code of Federal http://www.gpo.gov/fdsys 
Regulations (CFR) 


Federal Register (FR) http://www.gpo.gov/fdsys 


(FR and 30 CFR) 


and U.S. Code 
DOT regulations (FR http://www.phmsa.dot.gov/hazmat/regs 
and 49 CFR) 
EPA regulations (FR http://www.epa.gov/lawsregs 
and 40 CFR) 
MSHA regulations http://www.msha.gov/regsinfo.htm 
| l 


NIOSH databases http://www.cdc.gov/niosh/database.html 


OSHA regulations http://www.osha.gov 
(FR and 29 CFR) 


In addition to the direct government sources, numerous 
private firms collate federal regulations (more quickly than does 
the government), and they sell their compendia, often tailored 
to the needs of the customer. 


State and local government regulations are also available in 
hard copy and increasingly in online form. However, it is best to 
contact these agencies directly to be sure that one has all the 
relevant regulations. Nongovernmental organizations can be 
contacted directly for their rules. However, sources of 
information on the Internet are notoriously inaccurate and out 
of date. Unless it is an official government Web site (with the 
date of the latest update), beware. 


26.2.1 OSHA and NIOSH 


In general, the Occupational Safety and Health Administration 
promulgates regulations having to do with worker safety and 
health in industries other than mining (Mine Safety and Health 
Administration, MSHA, serves a similar role there). The 
National Institute for Occupational Safety and Health (NIOSH) 
is a federal research organization that provides information to 
employees, employers, and OSHA to help assess health and 
safety risks. Regulations are not promulgated by NIOSH, 
although it does certify various analytical techniques and 
equipment (such as respirators). 


One major law and five major regulations in this area are the 
OSHA Act [2], Hazard Communication (29CFR1910.1200), Air 
Contaminants (29CFR1910.1000), Occupational Exposure to 
Hazardous Chemicals in Laboratories (29CFR1910.1450), 
Hazardous Waste Operations and Emergency Response 
(26CFR1i901.120), and Process Safety Management of Highly 
Hazardous Chemicals (29CFR1i910.119). 


OSHA Act and Air Contaminants Standard. The 
original act of Congress that set up OSHA, the Occupational 
Safety and Health Act of 1970 [2], specified certain regulations 
and standards and required OSHA to promulgate others. 
Perhaps of most importance is the so-called general duty 
clause of the OSHA Act stating that “each employer shall 
furnish to each of his employees employment and a place of 
employment which are free from recognized hazards that are 
causing or are likely to cause death or serious physical harm to 
his employees” [Reference 2, Section 5.a.1]. This clause has 
been interpreted to mean that an employer must avoid exposing 
employees to hazards that should have been known to the 
employer, whether or not that hazard is specifically regulated by 
OSHA. Thus, the responsibility of researching the literature to 


see whether anyone has identified a hazard is placed on the 
employer. Most chemical engineers are employees, and yet they 
often represent the employer and therefore assume the 
responsibilities under the general duty clause. 

To search for published data on chemical hazards, a good 
place to start is the Integrated Risk Information System (IRIS), 
the Hazardous Substances Data Bank (HSDB), and other 
databases at http://www.toxnet.nlm.nih.gov. 


Some specific regulations ensued from the OSHA Act, 
notably for the chemical industry exposure limits for certain 
substances in breathing air for employees (29CFR1910.1000 Air 
Contaminants). These limits are called permissible exposure 
limits (PEL) and are often given in parts per million (by 
volume). Related limits are updated yearly by the American 
Conference of Governmental and Industrial Hygienists (ACGIH, 
a nongovernmental association) and are called threshold 
limit values (TLV) [3]. In fact, the original OSHA regulations 
merely made these TLVs the official government limits. NIOSH 
also publishes recommended exposure limits (REL), but 
these are not legally binding regulations. Each of these exposure 
limits is based on the assumption that a typical worker can be 
exposed to that concentration of the substance for eight hours a 
day, five days a week, for a working lifetime, without ill effects. 
These assumptions are often based on sketchy data extrapolated 
from animal studies. All these limits (PEL, TLV, REL) are given 
in the convenient NIOSH Pocket Guide to Chemical Hazards 
[4], available in printed form from NIOSH for a small charge or 
available free as an HTML or PDF download from the NIOSH 
Web site. Respirator requirements and a description of the 
health effects of exposure are also given. 


The exposure limits are based on a time-weighted 
average (TWA) over an eight-hour shift, which means that 
higher concentrations are allowable, as long as the average over 
the shift is not greater than the PEL. When even short-term 
exposure to higher levels is harmful, there is a separate short- 
term exposure limit (STEL), which is a 15-minute time- 
weighted average concentration that must never be exceeded, or 
an OSHA ceiling concentration, which is an instantaneous 
concentration that must never be exceeded. Also, maximum 
concentrations from which one could escape within 30 minutes 
without experiencing escape-impairing or irreversible health 
effects are identified as immediately dangerous to life and 
health (IDLH) concentrations. The IDLH limit is used under 
conditions in which a respirator is normally used. In the event 
of a respirator failure, the employee might not be able to escape 
if the concentration is greater than the IDLH. These limits are 
also given in the NIOSH handbook [4]. 


Hazard Communication Standard. This regulation is 
also known as the Worker Right to Know or simply 
HazCom. The reference is 29CFR1910.1200. It requires that 
the employer train all employees so that the employees 


understand the hazards of the substances that they are handling 
or are exposed to or potentially exposed to. It is explicitly stated 
that the employer has not met this standard merely by giving 
the employee the hazard information orally or in written form. 
The employer must make sure that the employee understands 
the hazards; thus, much effort in training goes into satisfying 
this requirement. Two very obvious results and requirements of 
this regulation are proper labeling of containers and availability 
of safety data sheets (SDS), which were formerly known as 
material safety data sheets (MSDS), with the former name 
still being ubiquitous on the Internet. Table 26.3 lists typical 
major sections of an SDS, but the precise format of an SDS is 
not presently defined by regulation, although some of the 
minimum requirements are, and these are also listed in Table 
26.3. The SDS must list the substances, their known hazards, 
and procedures for proper handling of the material and for 
proper actions in an emergency. Although only hazardous 
materials must have these SDSs, they are available for almost all 
substances and mixtures in commerce. They are available 
directly from the supplier or manufacturer or on the Internet. It 
is recommended to use the Internet only as a preliminary 
source for SDSs. SDSs should be obtained directly from more 
than one manufacturer if possible, because errors in SDSs do 
occur and because different SDSs will contain different data. 


Table 26.3 Typical Sections of a Safety Data Sheet 


From OSHA Form 1218-0072. 


(SDS) 

| 1. Material and manufacturer identification | 
| 2. Hazardous ingredients/identity information | 
| 3. Physical/chemical characteristics | 
| 4. Fire and explosion hazard data | 
| 5. Reactivity data | 
| 6. Health hazard data | 
| 7: Precautions for safe handling and use | 

8. Control measures 


Unfortunately, often SDSs are difficult to read quickly. They 
are filled with much useful information, but they are often 
several pages long. In addition, different chemical suppliers use 
different formats. (OSHA now recommends the ANSI 16-section 
format.) They must be studied extensively before any hazardous 
situation is encountered. A group of international agencies (UN 


Environment Programme, International Labour Office, and the 
World Health Organization in cooperation with NIOSH and the 
European Community) has developed a simpler, standard, two- 
page data card that can be understood quickly and used in an 
emergency. In addition to the required SDSs, the ready 
availability of this international chemical safety card 
wherever a hazardous material is used, stored, or transported is 
highly recommended. They can be found at 
https://www.cdc.gov/niosh/ipcs/. 

On June 1, 2007, the European Community put into force a 
new regulation called Registration, Evaluation, 
Authorisation and Restriction of Chemicals (REACH). 
Although it specifically applies to manufacturers within the 
European Union and manufacturers that import into the EU, it 
is becoming the de facto worldwide standard for regulation of 
chemical products. All firms that handle one metric tonne or 
more per year of any chemical product or produce any chemical 
product that is new to commerce are covered. For many existing 
chemical products, new data have been measured to determine 
hazards more accurately. Substances that are high-volume, 
mutagenic, or very toxic to aquatic organisms have already been 
fully phased in. Other low-volume substances will be phased in 
through May 2018. Details of the regulation are available at 
http://echa.europa.eu. 


Minimum Requirements for SDS 
(29CFR1910.1200[g]). An SDS is required for each 
“hazardous chemical,” including those specifically listed in 
29CFR1910 (subpart Z), any material assigned a TLV, or any 
material determined to be cancer causing, corrosive, toxic, an 
irritant, a sensitizer, or one that has damaging effects on 
specific body organs. There are numerous facts that may be 
given in an SDS; however, the minimum information required is 
listed below. 


1. Written in English. 

2. Identity used on label. 

3. Chemical name and common name of all ingredients that are hazardous 
and that are present in > 1% concentration or that could be released in 
harmful concentrations. 

4. Chemical name and common name of all ingredients that are carcinogens 
and that are present in > 0.1% concentration or that could be released in 
harmful concentrations. 

5. Physical and chemical characteristics of the hazardous chemical (such as 
vapor pressure, flash point). 

6. Physical hazards of the hazardous chemical, including the potential for 
fire, explosion, and reactivity. 

7. Health hazards of the hazardous chemical, including signs and symptoms 
of exposure, and any medical conditions that are generally recognized as 
being aggravated by exposure to the chemical. 

8. Primary routes of entry. 

9. OSHA permissible exposure limit, ACGIH TLV, and any other exposure 
limit used or recommended by the chemical manufacturer, importer, or 
employer. 

10. Whether the hazardous chemical is listed in the National Toxicology 


11. 


12. 


13. 
14. 
15. 


Program (NTP) Annual Report on Carcinogens (latest edition) or has 
been found to be a potential carcinogen in the International Agency for 
Research on Cancer (IARC) Monographs (latest editions), or by OSHA. 
Any generally applicable precautions for safe handling and use that are 
known to the chemical manufacturer, importer, or employer preparing the 
SDS, including appropriate hygienic practices, protective measures during 
repair and maintenance of contaminated equipment, and procedures for 
cleanup of spills and leaks. 

Any generally applicable control measures that are known to the chemical 
manufacturer, importer, or employer preparing the SDS, such as 
appropriate engineering controls, work practices, or personal protective 
equipment. 

Emergency and first aid procedures. 

Date of preparation of the SDS or the last change to it. 

Name, address, and telephone number of the chemical manufacturer, 
importer, employer, or other responsible party preparing or distributing 
the material safety data sheet that can provide additional information on 
the hazardous chemical and appropriate emergency procedures, if 
necessary. 


Process Safety Management of Highly Hazardous 


Chemicals (29CFR1910.119). This OSHA regulation applies 
to essentially all of the chemical processing industries and 
requires action in 13 different types of activities as shown in 
Table 26.4. Note, however, that transportation of hazardous 
materials is regulated by the U.S. Department of Transportation 
under 49CFR100 through 49CFR185 

(https: //www.phmsa.dot.gov/hazmat/standards- 
rulemaking/regulations). Similarly, the safe operation of 
chemical laboratories is regulated by OSHA through 
29CFR1910.1450, which recognizes that laboratories and 
production facilities present different kinds of hazards. 


Table 26.4 Process Safety Management of Highly 
Hazardous Chemicals (29CFR1910.119) 


9. Hot work permit 


1. Employee participation | 
2. Process safety information | 
3. Process hazards analysis | 
4. Operating procedures | 
5. Training | 
6. Contractors | 
7s Pre-start-up safety review | 
8. Mechanical integrity | 

| 


10. Management of change 


| 11. Incident investigation | 
| 12. Emergency planning and response | 
| 13. Compliance safety audit | 


When OSHA promulgated the Process Safety Management 
Regulation in 1992, it used the already existing rules of the 
American Institute of Chemical Engineers’ Guidelines for 
Technical Management of Chemical Process Safety [5] and the 
American Petroleum Institute’s Recommended Practices 750 
[6] as guides. In fact, as is often the case, OSHA essentially gave 
the force of law to these voluntary nongovernmental standards. 


Process safety management (PSM) embraces nearly 
the entire safety enterprise of a chemical process organization. 
It requires employee training, written operating procedures, 
specific quality in the engineering design of components and 
systems, very specific procedures for some activities, 
investigation and reporting of accidents that do occur, and an 
internal audit of the safety enterprise of the company. Following 
is a description of each of the 13 components. 


1. Employee Participation: The employer must actively involve the 
employees in the development and implementation of the safety program. 
Employees are more likely to understand the hazards and to follow the 
established safety procedures when they are involved early and 
continuously in the development of the safety program. This item was 
added to the earlier API and AIChE standards. 

2. Process Safety Information: The employer must research the 
materials, process, and operation to determine the potential hazards and 
keep in an immediately accessible form all safety information. This 
includes all SDSs, as well as information on the process itself, such as up- 
to-date process flow diagrams and P&IDs. 


3. Process Hazards Analysis: Before a process is started up and 
periodically thereafter (typically every three to five years or whenever 
significant modifications are made), a detailed study must be made of the 
process to determine potential hazards and to correct them. There are 
several approved procedures, and an organization can opt to use an 
alternative procedure if it can be shown to be as effective. In fact, most of 
the chemical processing industry uses the HAZOP technique, which is 
described in Section 26.4. This technique is a modified brainstorming 
process in which potential hazards are identified, their consequences are 
determined, and an action to deal with the hazard is identified. 

4. Operating Procedures: Written operating procedures must be 
available to operators, and any deviations in the plant operation from 
these procedures must be noted. These procedures must include start-up, 
shutdown, and emergency response to process upset. 

5. Training: The employer must train all employees in the hazards present 
and the procedures for mitigating them. 


6. Contractors: The employer is responsible for the safe conduct of any 
contractors. Although each contractor is responsible for the safe conduct 
of the contractor’s employees, the owner or operator of the plant who 
enters into a contract with the contractor remains liable for the safe 
operation of the contractor. This is an OSHA addition to the earlier API 
and AIChE standards. 


7. Pre-Start-up Safety Review: The regulation specifically requires that 
there be a review of the safety aspects of the process before any processing 
occurs on the site. The review must be documented, and any deviations of 
the plant as built from the design specifications must be addressed. 

8. Mechanical Integrity: Vessels and other equipment must meet existing 
codes and be inspected during manufacture and after installation. 
Appropriate procedures for maintenance must be developed and followed. 

9. Hot Work Permit: This is a very specific procedure by which a wide 
range of people in the plant are notified before hot work, such as 
welding, can occur. Many chemical plants use flammable materials, and 
everyone in the area needs to be informed so that no flammable vapors 
are released during the operation. 


10. Management of Change: During accident investigations in the 
chemical process industries, it has often been found that severe incidents 
(involving deaths and massive destruction) occurred because equipment, 
processes, or procedures were changed from the original design without 
careful study of the consequences. Thus, the OSHA regulation requires 
companies to have in place a system by which any modification is 
reviewed by all of the appropriate people. For example, any change in the 
reactor design must be reviewed not only by the design engineer but also 
by the process engineer who can evaluate how the overall process is 
affected. The maintenance leader must also make sure that the 
modification does not adversely affect the maintenance schedule or the 
ability of workers to get to or to maintain the equipment. 


11. Incident Investigation: When there is a hazardous process upset, it 
must be investigated and a written report must be developed indicating 
the details of the incident, the probable cause, and the steps taken to avoid 
future incidents. 

12. Emergency Planning and Response: There must be a written plan, 
and employees must be trained to respond to possible emergency 
situations. 


13. Compliance Safety Audit: Periodically, all of the elements of the safety 
system (including items 1-12 above) must be audited to make sure that 
the approved procedures are being followed and that they are effective. 


One item that is included in the industry codes but not in the 
PSM regulation is the entry of workers into confined spaces. 
This situation—in which the environment of the space or the 
difficulty of egress from the space could create a hazard—is 
encountered frequently in the chemical process industries. 
OSHA regulation 29CFR1910.146 covers the required 
permitting procedures to ensure that workers are protected in 
confined spaces. 


26.2.2 Environmental Protection Agency (EPA) 


The role of the EPA is to protect the environment from the 
effects of human activity. Although this is a very broad role, in 
the context of the chemical processing industries it usually 
relates to emissions of harmful or potentially harmful materials 
from the plant site to the outside by air or by water. There are 
three classes of such emissions: (1) planned emissions, (2) 
fugitive emissions, and (3) emergency emissions. This section 
describes some of the present regulations for these classes of 
emissions. There are many more regulations that are not 
mentioned here. In any facility, one must keep constantly aware 
of new and modified regulations through research, use of an 
environmental compliance consulting firm, or communication 
with the local, state, and federal environmental protection 


agencies. 


Planned Emissions. Any process plant will have 
emissions. These may be harmful to the environment, benign, 
or, in rare cases, beneficial. In any case, a permit is usually 
required before construction or operation of the plant. 
Significant modifications to the plant (especially if they change 
the design emissions) will likely require a modification to the 
permit or a new permit. 

These emissions permits are normally obtained through the 
state environmental protection agency, but federal regulations 
must be met. In some regions, states, or localities, the 
requirements for the permit may be significantly more stringent 
than the federal EPA regulations. One must contact the local 
agencies. However, searching the EPA databases described in 
Section 26.2 can provide a good preliminary overview. 

Permits frequently require an extensive environmental 
impact statement (EIS) detailing the present environment 
and any potential disturbances that the planned activity could 
produce. For process plants, these EISs are typically written by 
a team of chemical engineers, biologists, and others, and they 
deal not only with planned emissions but also with potential 
process upsets and emergencies. In this regard, the worst-case 
scenario mentioned in Section 26.1.2 is used. 


Permitting is based on assessment of potential degradation 
of the environment, and thus both the level of emissions from 
the plant and the present level of contamination in the local 
environment are considered. There are National Ambient Air 
Quality Standards (NAAQS) for a few materials and National 
Emissions Standards for Hazardous Air Pollutants (NESHAP) 
and New Source Performance Standards (NSPS) for these and 
others. Major sources (defined as those plants that emit more 
than some annual threshold quantity, such as 25 tons of 
hazardous air pollutants) must meet the most stringent 
emissions criteria and require more permits. Similar standards 
are applied for water quality and for discharges into the water. 
Many of these regulations are based on the Clean Air Act and 
Clean Water Act, among others. 

Beyond the effects on the environment after emissions are 
fully dispersed in the air or the water, there can be acute, short- 
term effects on nearby populations. Often chemical engineers 
perform dispersion studies to determine the range and 
longevity of the plume of harmful materials that flows from the 
point of discharge into the air or water. 

The focus of the Clean Air Act Amendments of 1990, Title I, 
is the release of volatile organic compounds (VOCs), 
which are precursors to the photochemical production of ozone 
(smog), especially in areas that have not attained NAAQS. The 
definition of a VOC is any organic compound with an 
appreciable vapor pressure at 25°C that participates in 
atmospheric photochemical reactions. It does not include 


methane, ethane, and a number of other substances listed in 
40CFR51.100(s). Hazardous air pollutants (HAP) are also 
regulated through Title ITI of the act. 


An important part of planned emissions are so-called 
fugitive emissions. These are losses from seals in rotating 
equipment (e.g., pumps, agitators, compressors), losses through 
connections between equipment (e.g., piping connections, 
valves), and other losses that result from incomplete isolation of 
the interior of the process from the atmosphere (e.g., tanks). 
Although substantial progress has been made over the last 
several decades to reduce fugitive emissions through improved 
equipment design, fugitive emissions are still substantial and 
are, in some cases, the major source of all emissions from a 
process plant. 


Emergency Releases. Process upsets can create 
catastrophic releases of hazardous materials, and regulations 
require that there be an effective plan to deal with these 
occurrences and that the consequences for affected populations 
not be too serious. As mentioned earlier, worst-case scenarios 
and dispersion modeling are used to make this assessment. 

One such regulation is the Emergency Planning and 
Community Right to Know Act (EPCRA) of 1986, also known as 
SARA, Title III. This regulation requires plants to provide the 
local community with information about potentially hazardous 
or toxic materials or processes. Further, the plant must work 
with the local community to develop effective emergency 
procedures that will be implemented automatically in the event 
of an accident. A local emergency planning committee is formed 
of members of the local government, emergency response 
organizations, and plant personnel. Also, releases of certain 
hazardous substances must be reported to the EPA and a 
compilation of these releases made available to the public 
through the Toxic Release Inventory System. 


The EPA provides querying and mapping functions for its 
databases through the EPA Envirofacts System at 
https://www.epa.gov/emefdata/em4ef.home. Included are the 
Toxic Release Inventory and databases on Superfund sites, 
drinking water, water discharge, hazardous waste, UV index, 
and air releases. 

Through the DOT, regulations require all over-the-road 
transport vehicles to carry a manifest of hazardous materials 
that is immediately available to all emergency personnel in the 
event of an accident. Also, the DOT and the U.S. Coast Guard 
regulate the conditions under which hazardous cargo can be 
transported. For example, these regulations frequently require 
stabilizing additives to prevent runaway polymerization. 

The National Response Center (1-800-424-8802) is 
operated by the U.S. Coast Guard “to serve as the sole national 
point of contact for reporting all oil, chemical, radiological, 
biological, and etiological discharges into the environment 


anywhere in the United States and its territories.” When a call is 
received, the information is relayed to the National Response 
Team as well as to various government agencies that maintain 
incident databases. 


Many other EPA regulations that are beyond the scope of 
this book impact the operation of chemical processing facilities, 
including the Resource Conservation and Recovery Act (RCRA); 
the Comprehensive Environmental Response, Compensation, 
and Liability Act known as Superfund (CERCLA); the 
Superfund Amendments and Reauthorization Act (SARA); and 
the Toxic Substances Control Act (TSCA). 


EPA Risk Management Program. The Clean Air Act 
Amendments of 1990 also “require the owner or operator of 
stationary sources at which a regulated substance is present to 
prepare and implement a Risk Management Plan (RMP) and 
provide emergency response in order to protect human health 
and the environment” [40 CFR 68]. The final rule was 
implemented in 1999. As with the OSHA Act, there is a general 
duty clause in this regulation specifying that owners and 
operators of plants have “a general duty...to identify hazards 
which may result from such releases using appropriate hazard 
assessment techniques, to design and maintain a safe facility 
taking such steps as necessary to prevent releases, and to 
minimize the consequences of accidental releases which do 
occur” [Reference 7, Section 112(r)(1)]. The RMPs must be 
registered with the EPA, they must be made public, and they 
must be periodically updated. The risk management program, 
which includes as a subset the risk management plan, must 
include three elements: 


e Hazard assessment 
e Prevention 


e Emergency response 


This program is coordinated with OSHA’s process safety 
management (PSM). In fact, compliance with the PSM standard 
is considered equivalent to the prevention part of the RMP. The 
following overview of the risk management program pertains to 
all plants covered under the PSM standard, which includes most 
plants in the chemical process industries. 


The hazard assessment must include a worst-case 
analysis, an analysis of non-worst-case accidental releases, and 
a five-year accident history. The worst-case release 
scenario is defined by the EPA [40 CFR 68] as 


the release of the largest quantity of a regulated substance from 
a vessel or process line failure, including administrative controls 
and passive mitigation that limit the total quantity involved or 
the release rate. For most gases, the worst-case release scenario 
assumes that the quantity is released in 10 minutes. For liquids, 
the scenario assumes an instantaneous spill; the release rate to 
the air is the volatilization rate from a pool 1 cm deep unless 


passive mitigation systems contain the substance in a smaller 
area. For flammables, the worst case assumes an instantaneous 
release and a vapor cloud explosion. 


The EPA rule specifies default values of wind speed, atmospheric stability class, and other parameters for the development of 
the offsite consequence analysis of worst-case scenarios. It also specifies the end point for the consequence analysis, based on 
the calculated concentration of toxic materials, the overpressure (1 psi) from vapor cloud explosions, and the radiant heat 
exposure for flammable releases (5 kW/m? for 40 seconds). 

The prevention program is identical to the PSM standard, except that the emergency planning and response item is covered 
under a separate category in the RMP. 

The emergency response program portion of the risk management plan is coordinated with other federal regulations. For 
example, compliance with the OSHA Hazardous Waste and Emergency Operations (HAZWOPER) rule (29 CFR 1910.120), the 
emergency planning and response portion of the PSM standard, and EPCRA will satisfy this requirement in the RMP regulation. 
The RMP must designate a qualified person or position with overall responsibility for the program, as well as show the lines of 
authority or responsibility for implementation of the plan. 

Overall, then, the only additional RMP requirement for plants already covered by the OSHA process safety management 
regulation is the hazard assessment (including offsite consequence analyses of worst-case and non-worst-case accidental release 
scenarios). This hazard assessment must not be confused with the process hazard analysis (PHA). The hazard assessment is a 
study of what will happen in the event of an accidental release and usually includes, for example, air dispersion simulations. The 
PHA (e.g., HAZOP) studies the hazards present in the process and seeks to minimize them through redesign or modifications to 
operating procedures. 

26.2.3 Nongovernmental Organizations 

Many professional societies and industry associations develop voluntary standards, and these are often accepted by government 
agencies and thereby are given the force of law. Examples of such organizations and their standards are as follows: 

American Petroleum Institute (API), Recommended Practices 750 

American Institute of Chemical Engineers (AIChE) 

Center for Chemical Process Safety (CCPS) 

Design Institute for Emergency Relief Systems (DIERS) 

American National Standards Institute (ANSI) 

American Society for Testing and Materials (ASTM) 

National Fire Protection Association (NFPA), fire diamond 

American Conference of Governmental Industrial Hygienists (ACGIH), TLVs 

American Chemistry Council, Responsible Care program 

Synthetic Organic Chemicals Manufacturers Association (SOCMA) 

American Society of Mechanical Engineers (ASME), boiler and pressure vessel code 

The Responsible Care program is a chemical industry initiative started in 1988. All the members of the American Chemistry 
Council (about 160 companies) as well as several other industry organizations in the United States and in 50 other countries 
agree to operate according to this health, safety, and environment code. The details are given on the ACC Web site 
(http:/Awww.americanchemistry.com). Its key areas include 


Environmental impact 

Employee, product, and process safety 

Energy 

Chemical industry security 

Product stewardship: managing product safety and public communications 

Accountability through management system certification 

Contribution to the economy 

26.3 FIRES AND EXPLOSIONS 

The most common hazards on many chemical plant sites are fires and explosions. Whenever a fuel, an oxidizer, and an ignition 
source are present, such a hazard exists. Detailed analyses of these hazards and their consequences are covered in other books 
[1, 8]. Here, the terminology of the field is introduced. 

26.3.1 Terminology 

Combustion is the very rapid oxidation of a fuel. Most fuels oxidize slowly at room temperature. As a fuel is heated, it oxidizes 
more rapidly. If the heating source is removed, the fuel cools, and its oxidation returns to its normal rate for room temperature. 
However, if a certain temperature (the auto-ignition temperature) is exceeded, the heat liberated by the oxidation is sufficient 


to sustain the temperature, even if the external heating source is removed. Thus, above the auto-ignition temperature, the 
reaction zone will expand into other areas having appropriate mixtures of fuel and oxygen. The minimum energy required to 
heat a small region to the auto-ignition temperature is called the ignition energy and is often exceedingly small. 

A gaseous mixture of fuel and air will ignite only if it is within certain concentration limits. The lower flammability (or 
explosive) limit (LFL or LEL) is the minimum concentration of fuel that will support combustion and is somewhat below the 
stoichiometric concentration. The maximum concentration of fuel that will support combustion is called the upper 
flammability (or explosive) limit (UFL or UEL). Above the UFL, the mixture is too “rich’”—that is, it does not contain enough 
oxygen. These two limits (UFL and LFL) straddle the stoichiometric concentration for complete combustion of the fuel. It is 
because of the convenient upper flammability limit of gasoline that this fuel is not more dangerous than it is. (See Problem 
26.8.) Any mixture within the flammability limits should be avoided or very carefully controlled. 

The flash point of a liquid is the temperature at which the vapor in equilibrium with the standard atmosphere above a pool of 
the liquid is at the LFL. Thus, a low flash point indicates a potential flammability problem if the liquid is spilled. Diesel fuel, for 
example, is much safer than is gasoline because diesel has a higher flash point. Regulations for transportation and use of 
gasoline are therefore much more stringent than they are for diesel. Flash point can be measured by the open-cup or the closed- 
cup method. In the open-cup method, an open container of the liquid is heated while a flare-up of the vapor is intentionally 
attempted with an ignition source. The temperature at which flare-up occurs is the flash point. In the closed-cup method, the 
liquid is placed in a closed container and allowed to come to equilibrium with air at standard pressure. Ignition is attempted at 
increasing temperatures. Although the open-cup and closed-cup flash points for many materials are very close, materials that 
vaporize slowly and disperse in the atmosphere quickly can have much higher open-cup flash points than their closed-cup flash 
points. Although the SDS will give the flash point, the type of flash point being reported must be noted. 

Explosions are very rapid combustions in which the pressure waves formed propagate the combustion. The combustion creates 
a local pressure increase, which heats the flammable mixture to its auto-ignition temperature. This secondary combustion causes 
the pressure wave to propagate through the mixture. This traveling pressure pulse is called a shock wave. Often, a strong wind 
accompanies the shock wave. The combination of shock wave and wind, called a blast wave, causes much of the damage from 
explosions. When the shock wave speed is less than the speed of sound in the ambient atmosphere, the explosion is called a 
deflagration. When the speed is greater than the speed of sound, the explosion is called a detonation. Detonations can cause 
considerably more damage from the combination of blast wave, overpressure, and concussion. The damage from an 
overpressure of only 1 psi on structures can be extensive. Such a pressure differential on a typical door, for example, would 
result in considerably more than one ton of pressure on the door—enough to break most locks. 

Of special concern when flammable gaseous mixtures (or dispersions of combustible dusts in air) are present is the so-called 
vapor cloud explosion (VCE). If there is a natural gas leak, for example, the cloud (mostly methane) will spread and mix with 
air. The cloud, parts of which are within the flammable limits, can be quite large. If it ignites, the deflagration will cause a shock 
wave perpendicular to the ground that can cause great damage, often flattening buildings. When a liquid stored above its 
ambient boiling point suddenly comes in contact with the atmosphere (through a rupture in the tank, for example), the rapid 
release and expansion of the vapor can cause a massive shock wave. This phenomenon is called a boiling-liquid expanding- 
vapor explosion (BLEVE). The failure of a steam drum, for example, can cause a BLEVE. When the BLEVE is of a 
flammable substance, the resulting cloud can explode. This combination of BLEVE and VCE is one of the most destructive 
forces in chemical plant accidents. The classic example is a propane tank that ruptures when it becomes overheated in a normal 
fire (a BLEVE). The propane is stored as a liquid under pressure. As the tremendous quantity of propane that vaporizes mixes 
rapidly with the atmosphere, it creates a massive VCE. 

Runaway reactions are confined, exothermic reactions that go from their normal operating temperatures to greater than the 
ignition temperature; that is, they liberate more heat than can be dissipated. Thus, the temperature increases, increasing the 
reaction rate. Although there may be a steady state at a higher temperature (as there is in combustion), often the limits of 
mechanical integrity of the reaction vessel are reached before that point, causing catastrophic failure of the vessel. Such a failure 
can cause direct injuries, release toxic material, cause a fire, or lead toa BLEVE and/or a VCE. 

To reduce the chance of a runaway condition during process upsets, the temperature difference between the reacting mixture and 
the cooling medium should be kept small. This may seem counterintuitive. However, consider a case where the temperature 
driving force is 1°C. If the temperature of the reacting mixture increases by 1°C during a process upset, the driving force for 
cooling has doubled! If the heat-exchange system had been designed for a 10°C driving force, that same upset would result in 
only a 10% increase in cooling. In systems with a chance of runaway, increased heat transfer area is the cost of an inherently 
safer system. 

A common scenario for an accident involving an exothermic reaction is the loss of coolant accident (LOCA). Unless the 
cooling system is backed up to the extent that it is essentially 100% reliable, one must consider this scenario in designing the 
vessels and the pressure-relief systems. 


26.3.2 Pressure-Relief Systems 

During a severe process upset, the pressure and/or temperature limits of integrity for vessels can be approached. To avoid an 
uncontrolled, catastrophic release of the contents or the destruction of the vessel, pressure-relief systems are installed. Usually, 
these are relief valves on vessels or process lines that open automatically at a certain pressure. Downstream, they are connected 
to f lares (for flammable or toxic materials), scrubbers (for toxic materials), or a stack directed away from workers (for 
materials such as steam that present physical hazards). The design of the pressure-relief system is especially important, because 
the worst-case scenario must be considered, which is sometimes the simultaneous failure of multiple relief systems, as was the 
case for the Bhopal tragedy in 1984. 

The design of such systems is complicated by several factors. The devices are designed to operate under unsteady conditions. 
Therefore, a dynamic simulation is required. Also, the flow through the relief system may be single-phase or two-phase flow. 
For two-phase flow, not only are the calculations more difficult, but also more factors affect the pressure drop, such as whether 
the line is horizontal or vertical. 

In addition to the relief valves (which are called safety valves, relief valves, pressure-relief valves, or pop valves depending 
on service), rupture disks are used to open the process to the discharge system. Rupture disks are specially manufactured disks 
that are installed in a line, similar to the metal blanks used between flanges to close a line permanently. However, the disks are 
designed to fail rapidly at a set pressure. Ideally, the rupture disk allows no flow when the pressure is less than the set pressure, 


and it ruptures immediately, offering no resistance to flow, when the pressure hits the set point. 
26.4 PROCESS HAZARD ANALYSIS 
Under the “Process Hazard Analysis” requirement of the Process Safety Management of Highly Hazardous Chemicals 


regulation (29 CFR 1910.119), employers must complete such an analysis of all covered processes using one or more of the 
following techniques: 

What-if 

Checklist 

What-if/checklist 

Failure mode and effects analysis (FMEA) 

Fault-tree analysis (FTA) 

Hazards and operability study (HAZOP) 

or “an appropriate equivalent methodology.” The OSHA regulation specifically refers to the AIChE Center for Chemical 
Process Safety for details of process hazard analysis methods [9], which is an excellent source for details of these techniques. 
The what-if technique involves a group of engineers and others going through the flowsheet and operating procedures 
methodically and considering what would happen if something were not as expected. For example, what if the reactor were not 
at the specified temperature? The answers to these hypothetical situations can uncover potential problems. This process hazard 
analysis technique is normally used only for simple, small-scale processes, such as laboratory experiments. For more 
complicated processes, the more rigorous HAZOP technique is used. This technique, which is described in the next section, is a 
formalized version of what-if. 

Checklists have been developed by various companies for their specific processes. These lists can include hundreds of items [1, 
9]. Checklists are very specific and focused; they do not typically lead to the identification of safety problems that have never 
been encountered. Therefore, checklists (which are focused on areas of known concern) are often used in combination with 
what-if techniques (which are focused on thinking “outside the box”). 

The FMEA (Failure Modes and Effects Analysis) was invented by NASA in the 1960s. The underlying principle is that failures 
of individual components cannot be avoided, but these component failures must not cause a catastrophic failure of the system. 
Therefore, this analysis begins by identifying the various ways that each individual component can fail (a failure mode). Then 
the effect of these failures (individually and in combination) is studied. FMEA is thus a bottom-up approach that leads to 
identification of critical combinations of component failures that can cause some catastrophic failure. The result is usually an 
attempt to improve the reliability of specific components or to design protective redundancy into the system. In principle, 
FMEA requires the prediction and consideration of all failure modes of all components—a very large task for a complex system. 
FTA (Fault-Tree Analysis) is based on the premise that many of the component failure modes that would be studied in the 
FMEA technique would not contribute to any system failure. FTA is a top-down analysis of the system failures. First, the 
catastrophic system failures to be avoided are identified. Then contributing failures of subsystems and individual components 
are considered. FTA is widely used in the nuclear power industry, where catastrophic system failures are clearly defined. 

In both the FTA and FMEA analyses, large logic diagrams are created to show the connections between low-level failures and 
higher-level failures. If a combination of failures is required to create a higher-level failure, the connection is denoted as an 
AND gate. If any one of several failures can create a high-level failure, the connection is denoted as an OR gate. There can be 
many levels of failures, dozens of systems failures, and several failure modes for each of thousands of components. This logic 
diagram leads directly to the probability of system failure if the reliability of the individual components is known. 


26.4.1 HAZOP (Hazard and Operability Study) 

The most widely used process hazards analysis technique in the chemical process industries is HAZOP. Unlike FTA and 
FMEA, the HAZOP technique is an outside-the-box technique. It is a modified brainstorming technique for identifying and 
resolving process hazards by considering seemingly unusual occurrences. Although it is a bottom-up technique, it is more 
efficient than the FMEA because it involves early dismissal of component failure modes that are of no consequence to system 
operation and focuses early on the more probable failure scenarios. A HAZOP is especially useful in identifying human factors 
that can contribute to system failures. For example, a HAZOP based on a sabotage scenario could consider failure modes not apt 
to be uncovered by the FMEA. 

HAZOP consists of asking questions about possible deviations that could occur in the process (or part of a process) under 
consideration. A HAZOP is always done in a group, and the regulation requires that the team have “expertise in engineering and 
process operations,” have “experience and knowledge specific to the process being evaluated,” and be “knowledgeable” about 
the HAZOP methodology. As with any brainstorming process, the ideas and suggestions can come very quickly, and there must 
be an identified scribe ready with appropriate software to capture them. Various software packages are available to speed this 
process and to offer additional triggers in the brainstorming process. 

The first step in a HAZOP is to identify the normal operating condition or purpose of the process or unit. This is called the 
intention. Next, a guide word is used to identify a possible deviation in the process. For example, the intention may be to keep 
the temperature in a vessel constant. The guide words are 

None, no, or not 

More of 

Less of 

More than or As well as 

Part of 

Reverse 

Other than 

In the example here, there may be no coolant flow. Once such a possible deviation is identified, the team notes any possible 
causes of the deviation. If there are any safety consequences of the deviation, those are noted. Suppose the coolant flow ceased 
because of a pump failure. The consequence may be a runaway reaction. The action to be taken is assigned by the HAZOP 
team. In this case, the action might be assigning the process engineer to investigate a backup pumping system. The team then 
goes on to the next possible deviation, until all reasonable deviations have been considered. The team does not solve the safety 
problem during the HAZOP; its job is to identify the problem and to assign its resolution to a specific person. An example of 
part of a HAZOP for the feed heater (H-101) of the hydrodealkylation of toluene process (Figure 1.5) is shown in Table 26.5. 
Several features of a HAZOP are shown. Several of the items are dismissed for “no probable cause.” Others are redundant. A 
few are outside-the-box deviations that could lead to important safeguards for rare events. Also, the result of the HAZOP is a list 
of action items. These action items are not themselves decisions to change the process. They are decisions to study potential 
changes. 

Table 26.5 HAZOP for the Feed Heater of the Hydrodealkylation (HDA) Process 

Process Unit: H-101, Feed Heater, Figure 1.5 

Intention: To provide feed to the reactor (Stream 6) at 600°C 


Guide 
Deviation Cause Consequence Action 
Word 1 
Consid interlock on fuel 
No No flow (Stream 4) Blockage in line Fluid in H-101 overheats a. SE Brn ene 
ow. 
; : Í None. O, analyzer with self- 
No O; in combustion : o. Unburned fuel and CO in m y : 
U Rich fuel:air mixture i checking circuit controls ratio 
products combustion products : 
reliably. 
O l 
U a yzer Potentially rich fuel:air mixture 
malfunction 
f Interlock with sudden pressure 
U No flow (Stream 6) Heat tubes burst Explosion P 


drop alarm and shutdown. 


Hydrogen:toluene ratio off to R- 

U No benzene in Stream 6 C-101 not working 101 and loss of hydrogen to fuel Maintain spare compressor C-101. 
gas 
Cold shot to R-101, quenching 

U No fuel gas flow Supply pipe rupture reaction Interlock with process shutdown. 


Momentary loss of Automatic flame detection with 


U No flame Explosive mixture ei 
fuel gas reignition cycle. 
More ofMore flow in Streaam4 Surge of C-101 Unstable operation Alarm. 
. Sudden reduction in Consider an interlock on fuel gas 
Higher temperature Reactor overheats 
Stream 6 flowrate flow. 
Higher pressure Dowstream blockage Tube failure Pressure-relief system on tubes. 


Higher temperature in Increased temperature 


Flame becomes erratic Robust demister design. 
heater of Stream 4 


Loss of furnace : 
Higher temperature in Stream 6 Interlock on furnace controls. 


control 
High trati f 
1g PE TERP Lean fuel:air ratio Waste of fuel 
O; in exhaust 
, . Automatic flame detection with 
No flame Explosive mixture ee 
reignition cycle. 
Cold shot to R-101, quenching Include automatic flame detection 
Less of Lower temperature Flameout f . Pac 
reaction with reignition cycle. 
Less flow in Stream 6 f Interlock with differential flow 
f Heat tubes burst Explosion 
than in Stream 4 alarm and shutdown. 
; Burst pipe : : Alarm on low pressure or low 
Less pressure in tubes Pp Explosive and toxic release p 
downstream flow. 
Automatic supervisory control of 
Fuel gas flow Process upset Cold shot to R-101 
plant. 
Less atmospheric pressure Storm No consequence 
Tornado Destruction of plant Monitor severe weather. 
As well . Failure of V-101 f ; í 
Liquid drops in fuel gas ; Flame becomes erratic Robust demister design. 
as demister 
Failure of V-103 
demister 
Water in fuel gas No probable cause 
Unlik fl f V- 
Benzene in fuel gas Aeg cee 


Part of Low toluene in Stream 6 P-101 not working No reaction in R-101 as ee EO en ean 
Hydrogen:toluene ratio off to R- 
U Low benzene in Stream 6 C-101 not working 101 and loss of hydrogen to fuel Maintain spare compressor C-101. 
gas 
Decrease in Stream 6 
Reversetemperature through H- No probable cause 


101 


Reversal of flow (from 


Stream 6 to 4) No probable cause 


Other Impurities in feed or Impurities in product and/or Monitor concentrations and H-101 


than Impurities in Stream 6 overheating in tubes catalyst deactivation temperatures. 


Toluene in Stream 4 


Wrong connection to . Redundant management controls 
U replaced by other : Explosion and loss of product P a 
TK-101 by sabotage on storage facilities. 
hydrocarbon 
Wrong connection 
Fuel gas replaced by f s . Better management of change 
U Sa during plant Explosion 
liquid fuel procedures. 


modification 
The OSHA process safety management regulation requires that the actions assigned be taken in a timely manner and that all 
process hazard analyses be updated at least every five years. 

26.4.2 Dow Fire & Explosion Index and Chemical Exposure Index 

The Dow Fire & Explosion Index was developed by Dow Chemical in the 1960s and is today used by many companies to 
identify high-risk systems. It is a form of process hazards analysis that focuses on fires or explosions, but it also goes beyond the 
identification of these hazards to quantifying the probable loss from a resulting fire or explosion. 

The format of this index is similar in many ways to an income tax form, as seen in Figures 26.1 and 26.2, which are for a 
fictitious reactor in a polymer plant (provided by Dow Chemical, Inc., May 1998, at a workshop for faculty). The details of 
these procedures are given in the official guide, available from AIChE [10]. 


FIRE & EXPLOSION INDEX 


North Central Your State 


DMSIO N LOCATION | 


MANUFACTURING UNIT 


My Polymer 


05/18/98 


Material Factor (See Table 1 or Appendices A or B) Note requirements when unit temperature over 140°F (60°C) 
1. General Process Hazards 


Penalty Fac- Penalty Fac- 
tor Range tor Used 


Base Factor 1.00 1.00 
A. Exothermic Chemical Reactions 0.30 to 1.25 0.50 
B. Endothermic processes 0.20 to 0.40 


C. Material Handlin g and Transfer 
D. Enclosed or Indoor Process Units 


0.25 to 1.05 


|025 to 0.90 


E. Access 
F. Drainage and Spill Control 
General Process Hazards Factor (F4) 


0.20 to 0.35 
0.25 to 0.50 


2. Special Process Hazards 
Base Factor 
A. Toxic Material(s) Ny=2 


1.00 
0.20 to 0.80 040 


B. Sub-Atmospheric Pressure (<500 mm Hg) 0.50 


C. Operation In or Near Flammable Range ___Inerted __ Notlinerted 
1. Tank Farms Storage Flammable Liquids 


2. Process Upset or Purge Failure 


0.30 


3. Always in Flammable Range 


0.80 


plosion (See Table 3) 
E. Pressure (See Figure 2) Operating Pressure _15__ psig or kPa gauge — 
Relief Setting _90__psig or-kPagauge— 


0.25 to 2.00 


F. Low Temperature 0.20 to 0.30 


G. Quantit y of Flammable/Unstable Material: Quantity_59.6K_lb or kg— 
H_=_19.0K_BTU/Ib or kcal/kg — 


1. Liquids or Gases in Process (See Figure 3) = 1.132x 10° BTU 


2. Liquids or Gases in Storage (See Figure 4) 


3. Combustible Solids in Storage, Dust in Process (See Figure 5) 
H. Corrosion and Erosion 


0.10 to 0.75 


l. Leakage--Joints and Packing 


0.10 to 1.50 


J. Use of Fired Equipment (See Figure 6) 
K. Hot Oil Heat Exchange System (See Table 5) 0.15to 1.15 


L. Rotating Equipment 
Special Process Hazards Factor (F3) 


0.50 


Process Unit Hazards Factor (F, x F2) = F3 
ire and Explosion Index (F, x MF = F&El) 


(1) For no penalty use 0.00. 
Figure 26.1 Dow Fire & Explosion Index (Form reproduced with permission of the 


American Institute of Chemical Engineers. 


Copyright © 1994 AIChE. All rights reserved. Example used by permission of SACHE (http://www.aiche.org/sache), a 


component of the Center for Chemical Process Safety providing instructional materi 
departments throughout the world.) 


als to member chemical engineering 


First, a specific process unit is selected. The components in the unit have the greatest impact on the hazard, so a “material 


factor” is determined. This factor is a measure of the energy released during a fire or explosion involving a specific material and 
varies from 1 (e.g., for sulfur dioxide) to 40 (e.g., for nitromethane). Material factors for 328 materials (substances or defined 


mixtures) are given in the official guide, as well as procedures for determining the factor for any other material based on 
flammability and reactivity. In the case of the hypothetical example, the reactor contains several materials, but the material 
factor for butadiene is the highest, so it is used as the base. 

Various corrections are made for type of reaction, facility, and materials handling to arrive at a general process hazards factor. 
In the case of Figure 26.1, there is a polymerization (exothermic) penalty, and there is a drainage and spill control penalty 
because there is only a 20-minute supply of fire water available. 

Then a special process hazards factor is calculated based on extreme process conditions, storage of large quantities of 
hazardous materials, corrosion and erosion, fired equipment, and so on. In the example, there is a toxic penalty of 0.4 for 
butadiene. The operation is nitrogen padded but operates in the flammable range, so a penalty of 0.3 applies. There is a 0.06 
penalty based on high-pressure operation with the specified relief setting. The flammable material penalty is based on the total 
heat of combustion for all materials in the unit (not only the butadiene). Corrosion has been estimated at less than 0.127 mm/y, 
and minor leakage at pumps occurs, which lead to the respective penalties. There is an agitator, which accounts for the rotating 
equipment penalty. 

From these three hazards indicators (materials factor, general process hazards factor, and special process hazards factor), the 
Fire & Explosion Index (F&EI) is calculated, 169 in the example. Table 26.6 shows the qualitative level of hazard for various 
values of the F&EI. This example is in the “severe” hazard class. Although the F&EI is useful in identifying process units where 
hazardous conditions exist, it does not estimate the damage that might result from such an event. 

Table 26.6 Dow Fire & Explosion Index 


Fire & Explosion Index Qualitative Hazard Level 
1—60 Light 

61-96 Moderate 

97-127 Intermediate 

128-158 Heavy 

159- Severe 


Source: Dow’s Fire & Explosion Index Hazard Classification Guide, 7th ed. (New York: American Institute of Chemical 
Engineers, 1994) [10]. 

The second part of the analysis (Figure 26.2) involves estimating the probable damage if the hazard leads to a catastrophic 
event. The damage from a fire or explosion depends on the area affected by the event, the value of the equipment destroyed, and 
the loss of production while the equipment damage is being repaired. All three of these are estimated by detailed algorithms 
described in the guide. Three categories of mitigating factors are considered: process control, material isolation, and fire 
protection. Typical values are used in the example. These allow the calculation of a loss control credit factor, which is used to 
correct the damage estimates. 


LOSS CONTROL CREDIT FACTORS 


1. Process Control Credit Factor (C4) 


Credit Credit 
Factor Factor 
Feature Range ( Feature Range 


la. EmergencyPower_ | 098 | 098 InertGas_ 094 to0.96 | 0.96 | 
b. Cooling | 0.97t0099 | 0.97 _ |g. Operating Instructions/Procedures | 0.91 to0.99 | 0.91 | 
c. Explosion Control | 0.840 0.98_| 1.00 |h. Reactive Chemical Review [0.910 0.98 | 100 | 
|d. Emergency Shutdown | 0.96 to 0.99 | 0.96 |I. Other Process Hazard Analysis | 0.91t0 0.98 | 0.94 | 
je. Computer Control |. 0.93t00.99 | 093 | 


Ci Value 
2. Material Isolation Credit Factor (C3) 


Credit i 
Factor 
Feature Feature 


a. Remote Control Valves 0.91 to 0.97 
b. Dump/Blowdown d. Interlock 


3. Fire Protection Credit Factor (C3) 


Credit Credit 
Factor Factor 
Feature Range Used)) Feature 


ja. Leak Detection |. 0-94to0.98 | 0.94 |f. Water Curtains 0.9780 0.98 | 1.00 | 
|b. Structural Steel 1 0.95to0.98 | 100 |g.Foam  _  [092to097 | 100 | 
c. Fire Water Supply | 0-94to0.97 | 0.94 |h. Hand Extinguishers/Monitors | 0.93to0.98 | 1.00 | 
d. Special Systems | 091 | 100 fi. CableProtection Sf 0.94to098 | 100 | 


Cs Value 
Loss Control Credit Factor = C, x C3 xC3(3) = (Enter on line 7 below) 


PROCESS UNIT RISK ANALYSIS SUMMARY 


_ 


. Fire & Explosion Index (F&El) (See Front ) 
. Radius of Exposure (Fig. 7) 


| 


42 
63,192 ft? erm: 


w 


BT wn 
> 
D 
D 
° 
a 
By 
8 
3 
= 
D 


. Value of Area of Exposure 

. Damage Factor (Fig. 8) 

. Base Maximum Probable Property Damage -- (Base MPPD [4 x 5] 

. Loss Control Credit Factor (See Above) 

. Actual Maximum Probable Property Damage -- (Actual MPPD) [6 x 7] 


© 
œ 
oe 


fon) 


fo] 


9. Maximum Probable Days Outage (MPDO) (Fig. 9) 30 days 
10.Business Interruption -- (Bl) 
(2) For no credit factor enter 1.00. (3) Product of all factors used. 


Refer to Fire & Explosion Index Hazard Classification Guide for details 
Figure 26.2 Loss Control Credit Factors (Form reproduced with permission of the American Institute of Chemical Engineers. 
Copyright © 1994 AIChE. All rights reserved. Example used by permission of SACHE [http://www.aiche.org/sache], a 
component of the Center for Chemical Process Safety providing instructional materials to member chemical engineering 
departments throughout the world.) 
The final part of the analysis (bottom of Figure 26.2) is the calculation of probable loss of property and loss of business if a fire 
or explosion were to occur. The area likely to be damaged is estimated from the F&EI. The value of the equipment in this area 
($5 million in the example) is used to estimate the likely property loss, which is a function of loss control credits. The business 


interruption loss is estimated based on (1) probable days of outage and (2) annual fixed costs plus before-tax profit. 

The Dow Chemical Hazards Index is a somewhat similar index that provides an estimate of the hazard from accidental 
atmospheric release of toxic substances. A central factor in this analysis is the CEI, which is proportional to the square root of 
the ratio (toxic release flowrate):(threshold limit value). The details are available in the official guide [11]. 

A Dow “risk analysis package” consists of the analyses developed with the Dow F&EI and the Dow Chemical Exposure Index 
plus reports of loss prevention measures. This risk analysis package is used by industrial insurance carriers to predict the 
likelihood and size of loss from catastrophic events. 

26.5 CHEMICAL SAFETY AND HAZARD INVESTIGATION BOARD 

The Clear Air Act Amendments of 1990 (Reference 7, Section 112[r][6]) created the Chemical Safety and Hazard Investigation 
Board to “investigate, determine and report to the public in writing the fact, conditions and circumstances and the cause or 
probable cause of any accidental release resulting in fatality, serious injury or substantial property damages.” The board is an 
independent scientific investigatory agency with no regulatory or enforcement duties. This board investigates chemical 
accidents, but it does not investigate all such accidents. Investigations are prioritized according to the likelihood that they would 
reduce further such accidents, either through enhanced knowledge of the causes or through stimulating a regulatory agency to 
consider further actions. Although the board was authorized in 1990, it was not funded until 1998. Since that time, it has 
produced numerous investigation reports, which are available on its Web site (http://www.csb.gov). 

As with other governmental safety and accident investigation boards, the Chemical Safety and Hazard Investigation Board seeks 
to determine root causes of accidents, with a focus on avoiding future accidents and not on assigning blame. 

26.6 INHERENTLY SAFE DESIGN 

Although safety controls can be added to existing processes, a more effective and efficient strategy is called inherently safe 
design [12]. The idea is to streamline the process to eliminate hazards, even if there is a major process upset. This strategy is 
based on a hierarchy of six approaches to process plant safety: 

Substitution: Avoid using or producing hazardous materials on the plant site. If the hazardous material is an intermediate 
product, for example, alternative chemical reaction pathways might be used. In other words, the most inherently safe strategy is 
to avoid the use of hazardous materials. 

Intensification: Attempt to use less of the hazardous materials. In terms of a hazardous intermediate, the two processes could be 
more closely coupled, reducing or eliminating the inventory of the intermediate. The inventories of hazardous feeds or products 
can be reduced by enhanced scheduling techniques such as just-in-time (JIT) manufacturing [13]. 

Attenuation: Reducing, or attenuating, the hazards of materials can often be effected by lowering the temperature or adding 
stabilizing additives. Any attempt to use materials under less hazardous conditions inherently reduces the potential 
consequences of a leak. 

Containment: If the hazardous materials cannot be eliminated, they at least should be stored in vessels with mechanical 
integrity beyond any reasonably expected temperature or pressure excursion. This is an old but effective strategy to avoid leaks. 
However, it is not as inherently safe as substitution, intensification, or attenuation. 

Control: If a leak of hazardous material does occur, there should be safety systems that reduce the effects. For example, 
chemical facilities often have emergency isolation of the site from the normal storm sewers, and large tanks for flammable 
liquids are surrounded by dikes that prevent any leaks from spreading to other areas of the plant. Scrubbing systems and relief 
systems in general are in this category. They are essential, because they allow a controlled, safe release of hazardous materials, 
rather than an uncontrolled, catastrophic release from a vessel rupture. 

Survival: If leaks of hazardous materials do occur and they are not contained or controlled, the personnel (and the equipment) 
must be protected. This lowest level of the hierarchy includes firefighting, gas masks, and so on. Although essential to the total 
safety of the plant, the greater the reliance on survival of leaks rather than elimination of leaks, the less inherently safe the 
facility. 

26.7 SUMMARY 

This chapter described the overall framework of health, safety, and environmental activities in the chemical process industries. 


The specific regulations change constantly, and the cognizant agencies must be consulted for the current rules. 
26.8 GLOSSARY 

ACC: American Chemistry Council 

ACGIH: American Congress of Governmental Industrial Hygienists 

AIChE: American Institute of Chemical Engineers 

ANSI: American National Standards Institute 

API: American Petroleum Institute 

ASME: American Society of Mechanical Engineers 

ASTM: American Society for Testing and Materials 

BLEVE: boiling-liquid expanding-vapor explosion 


CAA: Clean Air Act 

CCPS: Center for Chemical Process Safety 

CERCLA: Comprehensive Environmental Response, Compensation, and Liability Act CFR: Code of Federal Regulations 
CMA: Chemical Manufacturers’ Association; former name of the American Chemistry Council DIERS: Design Institute for 
Emergency Relief Systems 

DOT: Department of Transportation 

EIS: environmental impact study (or statement) 

EPA: Environmental Protection Agency 

EPCRA: Emergency Planning and Community Right to Know Act, also known as SARA, Title II] F& EI: Dow Fire & 
Explosion Index 

FAR: fatal accident rate 

FMEA: failure modes and effects analysis 

FR: Federal Register 

FTA: fault-tree analysis 

HAP: hazardous air pollutant 

HAZOP: hazard and operability study 

IDLH: immediately dangerous to life and health 

LEL: lower explosive limit 

LFL: lower flammability limit 

LOCA: loss of coolant accident 

MSHA: Mine Safety and Health Agency 

NAAQS: National Ambient Air Quality Standards 

NESHAP: National Emissions Standards for Hazardous Air Pollutants 

NFPA: National Fire Protection Association 

NIOSH: National Institute for Occupational Health 

NIOSHTIC: NIOSH Technical Information Center 

NSPS: New Source Performance Standards 

OSHA: Occupational Safety and Health Agency 

PEL: permissible exposure limit 


PHA: process hazard analysis 

PSM: process safety management 

RCRA: Resource Conservation and Recovery Act 

REL: recommended exposure limit 

RMP: risk management program (or plan) 

SARA: Superfund Amendments and Reauthorization Act 

SDS: safety data sheet 

SOCMA: Synthetic Organic Chemical Manufacturers’ Association 

STEL: short-term exposure limit 

TLV: threshold limit values 

TSCA: Toxic Substances Control Act 

TWA: time-weighted average 

UEL: upper explosive limit 

UFL: upper flammability limit 

VCE: vapor cloud explosion 

VOC: volatile organic compound 

WHAT YOU SHOULD HAVE LEARNED 

There are numerous federal agencies regulating the chemical process industry. 

Process safety management involves numerous activities aimed at creating an environment that anticipates potential safety 
problems and corrects them before incidents occur. 

A HAZOP is a procedure by which potential process hazards are identified, and by which strategies to prevent incidents are 
built into the design. 
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PROBLEMS 
1. You work for a chemical company with 30,000 employees. If your company has a typical safety record for the chemical 


industry, what is your best estimate of how many of your employees 

Will succumb to a fatal accident while on the job this year? 

Will be injured but not killed on the job? 

2. Locate the nearest steam plant on campus. 

Develop two possible accident scenarios that should be considered when searching for worst-case scenarios. 

List the safeguards that have been built into the system to mitigate some (or all) of these effects. 

3. Find an SDS for each of the components listed in the HDA process. 

4. Summarize all regulations (safety, environmental, transportation) that you can find for benzene. 

5. Assume that the unit operations lab in your department must meet the process safety management standard. Choose two of 
the 13 components of PSM, and write a critical analysis of these aspects of lab operation. 

6. Some paints have a closed-cup flash point near room temperature, whereas they have no measurable open-cup flash point. 
Explain this apparent paradox. 

Which is the more useful flash point when using a paint? 

7. Assume gasoline to be 87 vol% iso-octane (2,2,4 tri-methyl pentane) and 13 vol% n-heptane. At room temperature, the air 
above a pool of gasoline will become saturated. 

Is the air-gasoline mixture within its flammable limits? 

Could there be any location where the mixture will be within its flammable limits? Explain. 

8. Perform a HAZOP on R-101 of the HDA process. Be sure to perform the analysis in a team. 

9. Benzene in gasoline is now limited by regulation to a maximum of 0.62 vol%. Is the benzene concentration in the air above a 
pool of gasoline greater than or less than the PEL? Show the effect of temperature. 

10. Calculate the Dow Fire & Explosion Index for the HDA Reactor 101. Compare this with the F&EI for tank TK-101. 

11. Use the various resources from this chapter to find health, safety, and environmental information about a chemical process 
plant in your area. 

12. Obtain an environmental impact study for a facility in your area. Prepare a synopsis and lead a class discussion. 


Chapter 27: Green Engineering 


WHAT YOU WILL LEARN 


e There are design processes that minimize pollution. 


Green engineering can be defined as engineering for the 
environment. In terms of chemical engineering and chemical 
process design, green engineering means design for reduction of 
emissions, design to eliminate particularly hazardous 

chemicals, design to minimize the use of natural resources, and 
design to minimize energy usage. 

Several books have been published on green engineering and 
pollution prevention [1-3]; therefore, only a summary of the 
bare essentials is possible in one chapter. The reader desiring a 
more in-depth treatment should consult these references. 


In this chapter, environmental regulations, particularly the 
Pollution Prevention Act of 1990, are reviewed. Methods for 
understanding and estimating the behavior of chemicals in the 
environment are surveyed. Then, the concept of green 
chemistry is defined and discussed briefly. Next, methods for 
pollution prevention at every stage of a design are discussed. 
The economics of pollution prevention are discussed. Finally, 
life cycle analysis, a study of the environmental consequences of 
manufacturing, using, and disposing of a product, is introduced. 

There are several Web-based resources for pollution 
prevention and green engineering. The Environmental 
Protection Agency (EPA) Web site (https: //www.epa.gov) is 
one, as is its green engineering program Web site 
(https: //www.epa.gov/green-engineering). 


27.1 ENVIRONMENTAL REGULATIONS 


The Pollution Prevention Act of 1990 has one major 
requirement. Companies are required to report on their 
pollution prevention activities. It establishes a waste 
management hierarchy, which, from most to least desirable, is 
as follows: 


1. Source Reduction: Source reduction means that the process is 
modified so that less waste and/or less-hazardous waste is generated. The 
best way to accomplish this is by modification of the chemistry in the 
reactor. If hazardous waste is not made, there is no chance of its becoming 
a pollutant. 

2. In-Process Recycle: This is the recycle of unreacted feed so that it will 
not become a waste product. It has already been established several places 
in this book that this is also sound economic policy, because raw materials 
are almost always the largest operating cost in a chemical process. 
Therefore, in-process recycle, along with other pollution prevention 
concepts, has economic as well as environmental advantages. 


3. On-Site Recycle: An example of on-site recycle is to convert waste 
generated in a reactor to a useful product in another reactor. 


4. Off-Site Recycle: Off-site recycle is the separation of waste, the transfer 
of the waste off-site, followed by its conversion to a useful product at 
another facility. The definition of another facility may include a different 
part of the same chemical plant. 

5. Waste Treatment: Waste treatment involves separation of waste 
generated in the process followed by treatment to make it less hazardous. 


6. Secure Disposal: Secure disposal involves separation of waste 
generated in the process followed by disposing of it in a secure facility 
such as a landfill. 


7. Release to Environment: Here, waste generated in the process is 
separated and released to the environment. 


Although items 1—6 could each be considered pollution 
prevention in their own way, the Pollution Prevention Act of 
1990 defines only the first two as being pollution prevention. 
However, most engineers consider anything that converts waste 
into a useful product to be pollution prevention. 

The hierarchy is clear. The top priority is not to produce 
waste or to minimize its, which is understood to be a difficult 
task. If waste products are made, they should be converted to 
useful products. If this cannot occur, they should be rendered 
less hazardous. Only as last resorts should there be disposal to a 
landfill (which could ultimately become a release to the 
environment) or direct release to the environment. 

There are other laws regulating different aspects of the 
environment. As a whole, they are the lower bounds for 
environmental protection and human safety for the chemical 
industry. Many companies go beyond these minima (see, for 
example, “Responsible Care,” in Section 26.2.3). Nine current, 
major laws are summarized in Table 27.1, and many of these 
laws have subsequent amendments. The text of all of these laws 
is available at https://www.epa.gov/laws-regulations/laws-and- 
executive-orders. 


Table 27.1 Summary of Environmental Laws 


Law Year Summary 
Occupational 1970 Created OSHA; provides 
Safety and regulations protecting worker 
Health Act safety on the job; requires 
(OSH Act) development of MSDS sheets, 


training of employees on safe 
handling of chemicals. 


(CAA) for criteria pollutants; defines 
criteria pollutants as CO, Pb, 
NOx, SO2, ozone, and 


particulates. 
Clean Water 1972 Requires permits for all 
Act (CWA) discharges; permit holders must 


Clean Air Act 1970 Establishes air quality standards 
monitor discharges. 
l 


Federal 1947 Requires that pesticides be 

Insecticide, (amended registered with EPA. 

Fungicide, and 1972) Manufacturer must prove 

Rodenticide product efficacy and that it is not 

Act (FIFRA) harmful to humans. 

Toxic 1976 Chemical manufacturers must 

Substances report processing information for 

Control Act all chemicals; premanufacturing 

(TSCA) notices required for all new 
chemicals. 

Resource 1976 Requires maintenance of records 

Conservation of hazardous waste generated 

and Recovery and its ultimate fate; those 

Act (RCRA) transporting such waste also 
must maintain similar records. 

Comprehensive 1980 Amended by the Superfund 

Environmental Amendments and 

Response, Reauthorization Act (SARA) of 

Compensation, 1986; defines “Superfund” sites; 

and Liability parties responsible for cleanup 

Act (CERCLA) identified; assigns economic 
liability for cleanup; makes such 
liability retroactive. 

Emergency 1986 Before this act, it was common 

Planning and for the community not to know 

Community what went on in a chemical 

Right to Know plant; requires facilities to work 

Act (EPCRA) with local agencies to develop 
plans for dealing with accidental 
release; also requires reporting of 
waste stored, transferred off-site, 
and released. 

Pollution 1990 Establishes pollution prevention 

Prevention Act hierarchy; only mandated 

(PPA) provision is to report pollution 


prevention activities. 


27.2 ENVIRONMENTAL FATE OF 


CHEMICALS 


Methods have been developed to estimate the fate of chemicals 
if they have been released to the environment. This is done by 
defining properties of a molecule that are a measure of the 
molecule’s behavior in the environment. These estimation 
techniques are based on group contribution methods used to 
estimate thermodynamic properties [4]. In group contribution 
methods, a physical property is estimated by breaking the 
molecule down into its component parts—for example, the 
number of carbons, the number of alcohol (or ether, ester, etc.) 
groups, and so on. There are correction factors quite often for 
branching, aromatic structure, and so on, and there are also 


methods based on counting the number and type of bonds. The 
physical property is estimated by adding the contributions of all 
component parts of the molecule. Most of the group 
contribution values have been obtained empirically by 
correlating measured values with a molecule’s group structure. 
These methods are beyond the scope of this textbook, and the 
interested reader can find more detailed descriptions elsewhere 
[1]. Software (EPIWIN Suite—downloadable at 

https: //www.epa.gov/tsca-screening-tools/epi-suitetm- 
estimation-program-interface) has been developed that does the 
group contribution calculations for any molecule [1]. 

In pollution prevention, the properties calculated by group 
contribution methods are estimates of how a molecule behaves 
in the environment. These properties are best used for 
comparison between molecules. Table 27.2 lists selected 
properties that can be estimated using group contribution 
methods that have been used to estimate environmental fate. 


Table 27.2 Physical Properties That Influence 
Environmental Phase Partitioning 


Significance in 


constant (H) 


the concentration of 
a compound in the 
gas phase to the 
concentration of the 
compound in a 
dilute aqueous 
solution (sometimes 


partitioning between 
gas and aqueous 
phases 


Estimating 
Environmental Fate 
Property Definition and Risks 
Melting point Temperature at Sometimes used as a 
(Tm) which solid and correlating parameter 
liquid coexist at in estimating other 
equilibrium properties for 
compounds that are 
solids at ambient or 
near-ambient 
conditions 
Boiling point Temperature at Characterizes the 
(Tp) which the vapor partitioning between 
pressure of a gas and liquid phases; 
compound equals frequently used as a 
atmospheric correlating variable in 
pressure; normal estimating other 
boiling point properties 
Vapor Partial pressure Characterizes the 
pressure (P*) exerted by a vapor partitioning between 
when the vapor is in gas and liquid phases 
equilibrium with its 
liquid 
Henry’s Law Equilibrium ratio of Characterizes the 


Octanol-water 
partition 
coefficient 
(Kow) 


solubility (S) 


Soil sorption 
coefficient 
(Koc) 


Water 


Bioconcentration 
factor (BCF) 


reported as atm- 
m’ /mol) 


Equilibrium ratio of 
the concentration of 
a compound in 
octanol to the 
concentration of the 
compound in water 


Equilibrium 
solubility in mol/L 


Equilibrium ratio of 
the mass of a 
compound adsorbed 
per unit weight of 
organic carbon ina 
soil (in ug/g organic 
carbon) to the 
concentration of the 
compound in a 
liquid phase (in 
ug/mL) 


Ratio of a chemical’s 
concentration in the 
tissue of an aquatic 
organism to its 
concentration in water 
(reported as L/kg) 


Characterizes the 
partitioning between 
hydrophilic and 
hydrophobic phases 
in the environment 
and the human body; 
frequently used as a 
correlating variable in 
estimating other 
properties 


Characterizes the 
partitioning between 
hydrophilic and 
hydrophobic phases 
in the environment 


Characterizes the 
partitioning between 
solid and liquid 
phases in soil, which 
in turn determines 
mobility in soils; 
frequently estimated 
based on octanol- 
water partition 
coefficient, and water 
solubility 


Characterizes the 
magnification of 
concentrations through 
the food chain 


Source: Bishop, P. L., Pollution Prevention: Fundamentals and 


Practices (New York: McGraw-Hill, 2000) [2]. 


Example 27.1 illustrates the use of one of these properties to 
estimate environmental fate. 


Example 27.1 


Methyl tertiary butyl ether (MTBE, CH,-O-C(CHg)s) is 
an oxygenated gasoline additive. Oxygenated gasoline 
additives are mandated by law to reduce air pollution. 
Oxygenated fuel additives burn cleaner—for example, 
producing CO, rather than CO. However, because there 
is inevitably some leakage from underground gasoline 
tanks, the potential exists for the components of gasoline 
to enter the water table, ultimately contaminating 
drinking water. This is a problem for water treatment 
facilities, and it is an even more significant problem for 


those using well water. 


For this calculation, gasoline is assumed to be 2,2,4- 
trimethyl pentane (CH,C(CH3)2 CH2,CH(CH3)CH;) (also 
known as isooctane). The table summarizes several of the 
properties of these two compounds, calculated using the 
EPI Suite software. 


Property MTBE Gasoline 
Boiling point (°C) 47.04 81.44 
log, of octanol/water partition 1.43 4.09 
coefficient 
Water solubility (mg/L) 1.98 x 9.91 

4 
10 
Henry’s Law coefficient in water 2.02 x 3.01 
(atm m°/mol) 10° 
log,, soil sorption coefficient 0.721 2.44 


The observation is that MTBE has much higher water 
solubility than gasoline and a much lower soil sorption 
coefficient. Therefore, MTBE leaking from underground 
tanks preferentially enters groundwater, whereas 
gasoline leaking from underground tanks preferentially 
adsorbs to the soil. 


27.3 GREEN CHEMISTRY 


When a chemical is manufactured, a raw material is used. In the 
chemical industry, this raw material can usually be traced back 
to a depletable natural resource such as crude oil. Furthermore, 
when a chemical is manufactured, there are usually side 
reactions that produce undesired contaminants, which become 
hazardous waste if they cannot be converted to useful products. 
The processes illustrated in this book generally ignore all except 
the most important undesired contaminants; however, in real 
applications, there are usually trace amounts of several 
undesired contaminants that must be separated and eventually 
treated. Another possible source of waste is the need to use 
hazardous solvents or catalysts to promote a reaction. 

Three issues in green chemistry are a search for the 
following: 


e Alternative feedstocks 
e Green solvents 
e New synthesis pathways 
One component of green chemistry is to use alternative 


feedstocks that either improve the environmental performance 
of a process or that do not deplete nonrenewable resources as 


much as the traditional process. For example, it has been 
suggested that adipic acid, a feedstock for nylon, can be 
manufactured from glucose, a renewable resource, by using a 
microbial biocatalyst [5]. The traditional method uses benzene, 
a known carcinogen, which can trace its origin back to 
nonrenewable fossil fuels such as oil and coal. 


Green solvents are another component of green chemistry. 
In principle, the group contribution methods described in 
Section 27.2 could be used to design a solvent providing the 
desired performance and having properties that are less toxic to 
humans and less hazardous to the environment. The 
applicability of such a solvent would also depend on how it is 
manufactured. If the only way to make a green solvent is by a 
process more hazardous than the process that uses the original 
solvent, then there is no advantage to using the green solvent. 
The expense of the green solvent is also an issue. 


The use of new synthesis pathways that avoid hazardous 
intermediates and/or hazardous by-products is also a 
component of green chemistry. For example, an elimination 
reaction (AB —> A + B), where A is the desired product and B is a 
waste product, is less desirable than an addition reaction (A + B 
—> C) because no waste products are made. Another example is 
the elimination of unwanted side reactions, such as the 
production of p-diisopropyl benzene in the cumene process 
shown in Appendix C. New synthesis pathways will most likely 
be obtained only by development of new catalysts. 

While there has been progress on green chemistry research, 
commercial implementation is not yet commonplace. Example 
27.2 relates to green chemistry. 


Example 27.2 


Phosgene (COCI,) is one of the most toxic chemicals 
known. It was used as mustard gas in World War I. 
Currently, phosgene is used as a raw material in the 
manufacture of pesticides and urethanes. It has been 
suggested that dimethyl carbonate (DMC, CH,-O-(C=O)- 
O-CH3) can serve as a reactant in many of the same 
processes that use phosgene [6]. This is an example of an 
alternative feedstock. 

However, the traditional method for manufacturing 
DMC is from phosgene and methanol. 


Phosgene manufacture CO + Cl, > COCH, 
DMC manufacture COC], + 2CH,0H— CH,-O- 
(C=O)-O-CH, + 2HCl 


Patents have been issued on a process to manufacture 
DMC directly from CO and O; [7]. The reaction is 


CO + O, + 2CH, OH > CH,-0-(C=0)-O-CH,+H,0 


This new process illustrates two of the principles of green 


chemistry listed above. First of all, DMC is manufactured 
without using the hazardous phosgene feed. In fact, the 
phosgene is not even produced in the new pathway. 
Second, the DMC can be a raw material substitution for 
phosgene in the manufacture of pesticides and 
urethanes. Furthermore, the first principle of waste 
management hierarchy is demonstrated in that the by- 
product HCl is not produced (although, if market 
conditions were appropriate, the HCI produced could be 
purified and sold as a commodity). 


27.4 POLLUTION PREVENTION DURING 
PROCESS DESIGN 


The most important issues when trying to prevent pollution 
during process design are to try to minimize generation of waste 
products in the reactor, to try to design separation systems for 
maximum recovery and minimum energy usage, to minimize 
effluent streams containing waste, and to minimize leaks, 
particularly during storage and transfer operations. 

Because raw materials are almost always the largest 
operating cost, their efficient use is necessary for economical 
process operation. As every chemical engineer learned in the 
material and energy balances class, unreacted raw materials are 
separated and recycled. This is also green engineering. If the 
raw materials were not recycled, their fate would either be 
subsequent reaction (the same effect as recycle), emission, or, 
for organic chemicals, combustion to produce energy. Clearly, 
emission is undesirable, from both an economic and a green 
engineering perspective. Combustion is also undesirable from 
both perspectives. From a green engineering viewpoint, 
combustion generates carbon dioxide, a greenhouse gas, and 
possibly trace amounts of other pollutants. From an economic 
viewpoint, using a valuable chemical for fuel is a bad idea. 
Where supplies are available, natural gas is commonly used as 
fuel to produce energy (for process steam, for example). Any 
chemical more valuable than methane is a poor choice as a fuel. 
In general, the more carbons in an organic chemical, the higher 
its value. Therefore, in terms of raw material usage, green 
engineering and economics coincide (or have similar goals). 

Heat integration is another example in which green 
engineering and economics coincide. Fuel must be burned to 
create a heat source. It was shown in Section 8.3.2 that there are 
electricity costs associated with producing cooling water. Most 
electricity is obtained from burning fossil fuels. Therefore, the 
production of both heating and cooling utilities produces 
carbon dioxide, and both increase manufacturing costs. Heat 
integration can be implemented to minimize utility (e.g., 
cooling water, steam) usage (see Chapter 15—MUMNE 
method), so heat integration has both elements of green 
engineering and economic benefits. 


It was mentioned previously that most chemical reactions 
produce undesired side products. Research in green chemistry 
aims to find catalysts and/or reaction pathways that reduce or 
eliminate these undesired side products. However, until this 
research bears fruit and is commercialized, the chemical 
engineer must try to reduce production of undesired side 
products. This requires maximizing selectivity for the desired 
product. Maximizing selectivity is also sound process 
economics, because it minimizes the fraction of raw materials 
not converted to the desired product. Methods for maximizing 
selectivity include optimizing the reactor temperature, 
optimizing the ratio of reactants, and optimizing the method of 
delivery of reactants to the reactor. Some of these methods are 
discussed in Chapter 22, and a more detailed discussion is 
available elsewhere [8]. 

Separation processes contribute to the problem of waste 
management because no separation is perfect. There are always 
trace contaminants in any “pure” stream. The goal in pollution 
prevention is to minimize these trace contaminants. For 
example, if absorption is used, a low-volatility solvent should be 
chosen to minimize contamination of the effluent gas stream. 
Distillation does not introduce additional contaminants, but it 
requires heating and cooling, both of which produce carbon 
dioxide and increase manufacturing costs. Therefore, 
distillation sequences should be designed for optimum energy 
usage. If solvents are required (e.g., absorption, extraction), 
they must be recovered. Organic solvents are expensive, so their 
recycle is tantamount to recycle of raw materials; if they were 
not recycled they would be burned at great expense and with 
carbon dioxide emission. In some processes (see Appendix B— 
ethylene oxide, formalin) water is used as a solvent. Water (as 
steam) can even be used as an inert in a reactor (see Appendix B 
—styrene). Water that comes in contact with organics must be 
sent to wastewater treatment, which is expensive and consumes 
energy. Therefore, recycle of all solvents, including water, is 
both green engineering and economically beneficial. Solvent 
recycle is a simple example of mass integration, which is 
discussed in Chapter 15. 

One potential source of pollution that does not typically 
receive much attention is the emissions generated during the 
loading and unloading of storage tanks. Consider the following 
scenario: A storage tank contains a somewhat volatile liquid. 
Therefore, there will be vapor in equilibrium above the liquid. 
The tank is to be filled by pumping liquid into the bottom of the 
tank. Where does the vapor go as the liquid level rises? An 
unsatisfactory solution to this problem is to vent the vapor to 
the atmosphere. A greener solution is to collect the vapor as it 
leaves the tank and recycle it to the tanker truck or rail car that 
has supplied the liquid to fill the tank. This is commonly done 
when filling underground gasoline tanks. In some areas, 
gasoline pumps used to fill passenger cars have this capability. 


Emissions during normal tank operation (not during loading) 
are also a pollution prevention issue. Different types of tanks 
have different problems. A fixed-roof tank has the problem 
described above during loading and also must have a vent to 
prevent overpressurization when, for example, the ambient 
temperature increases. Placing a separator on the vent can 
minimize emissions, as can a vapor recompression/cooling 
system. A floating-roof tank, in which the roof floats on top of 
the liquid, minimizes the vapor problem described above, but it 
creates the problem of thin films of liquid remaining on the 
inside vertical surface of the tank, which is exposed to the 
atmosphere when the liquid level in the tank decreases. The 
inevitable result is that storage tanks leak to the atmosphere, 
and the best that can be done is to minimize these leaks. 
Additional methods for minimizing these leaks can be found [1, 
3]. TANKS software can be used to estimate losses from tanks, 
and it is available for download at 
https://www3.epa.gov/ttnchie1/software/tanks/. Note that this 
software is quite old ad may not run under the latest computer 
operating systems. 


The problem of leaking equipment is not unique to storage 
tanks. Flanges and valves also leak. Reflux drums and reactors 
usually have relief valves, and they also might leak. These are 
called fugitive emissions and occur because of leaks in 
valves, pumps, flanges, and so on. Fugitive emissions are 
especially prevalent in moving equipment (e.g., pumps and 
valves), where there must be a seal between the process side 
and the outside that allows movement of a shaft. Typically, 
these seals are made of a packing material that offers a tortuous, 
high-pressure-drop path between the inside and outside. Some 
leakage occurs, and often, for liquid systems, the small leakage 
provides lubrication for the shaft. For such a packing seal, the 
lower the fugitive emissions, the higher the frictional losses 
from the shaft rotation. 


As plants are designed for lower “stack” emissions, the 
fugitive emissions are increasingly the dominant emission type. 
Thus, the emissions from thousands of valves, pumps, flanges, 
and so on must be estimated and reported. There are several 
procedures to make these estimates [9], from crude 
assumptions that all valves leak at the same rate to experiments 
in which working valves are bagged in plastic and the fugitive 
emission rate directly measured. Fugitive emissions can be 
measured for existing plants, but they must be estimated for 
new plants in the design stage. The Clean Air Act defines a plant 
to be a “major source” if it emits 25 ton/y of any combination of 
hazardous air pollutants or 10 ton/y of any single hazardous air 
pollutant. Plants defined as major sources can get permits to 
operate only by demonstrating best available control 
technology (BACT), which is tantamount to a negotiation 
with the EPA. The estimates for fugitive emissions virtually 
guarantee that any new chemical plant in the design stage will 


be considered to be a major source. Once a plant is constructed, 
careful monitoring is needed to ensure that fugitive emissions 
are minimized. 


27.5 ANALYSIS OF A PFD FOR 
POLLUTION PERFORMANCE AND 
ENVIRONMENTAL PERFORMANCE 


After a process design has been conceptualized and a 
preliminary PFD developed, further analysis is possible to 
reduce pollution. The PFD should be studied to make certain 
that all possible recycle opportunities have been exploited. For 
processes with multiple streams containing the same solute, 
mass integration is possible using the method of mass-exchange 
networks (MENs) described in Chapter 15. More detail on the 
MEN method and other methods for analysis to maximize 
solute recovery is available [10]. Example 27.3 demonstrates 
this type of analysis of a PFD. 


Example 27.3 


Examine the PFD for the styrene process in Appendix B. 
Suggest methods for pollution prevention. 


Solution 


One of the most obvious methods is to maximize the 
selectivity for styrene in the reactor. The ethylbenzene is 
already being recycled; however, minimizing the amount 
of ethylbenzene in the benzene/toluene effluent stream is 
both sound economics and pollution prevention. The fate 
of the benzene/toluene stream is also important. Because 
ethylbenzene is made from benzene, the benzene can be 
separated and returned to the ethylbenzene plant, which 
is almost always at the same facility. This is sound 
pollution prevention, although it might not qualify as 
pollution prevention according to the somewhat narrow 
definition in the Pollution Prevention Act, because it 
does not constitute in-process recycle. 

Another possibility is to recycle the wastewater 
stream to make the low-pressure steam used in the feed. 
On the surface, this appears to be a good idea for 
pollution prevention. However, there is a problem. There 
will certainly be trace amounts of organics in the 
wastewater stream. In a fired heater, the temperature is 
so high that the tubes in which the process stream flows 
are undoubtedly glowing red hot. These high 
temperatures can cause the organics to carbonize, that is, 
form carbon deposits on the tubes, with hydrogen gas 
being released into the process stream. The hydrogen gas 
is not a problem because it is made in the reactor, and 
there are already provisions in the process for its 
separation. However, the carbon deposits will foul the 


fired heater tubes, reducing the heat transfer 
performance. Therefore, if recycling the wastewater 
stream is desired, a separation step(s) such as carbon 
adsorption (and removal of dissolved gases) should be 
included to remove the trace organics and other 
chemicals from that stream. 


Finally, there are models that permit analysis of the fate of 
chemicals in the atmosphere that might be released from a 
chemical process. The most popular model is the Mackay Level 
III model [1, 11]. In this model, air, water, soil, and sediment are 
considered to be separate, well-mixed compartments in 
equilibrium with each other. Additional inputs and outputs are 
allowed to model air flow, river flow, and so on, for certain of 
these compartments. The equilibrium between compartments is 
modeled using fugacity. Therefore, for an emission into, for 
example, air, by knowing the physical properties of the 
chemicals involved (calculated from the group contribution 
method described in Section 27.2), the ultimate fate of all 
chemicals emitted can be predicted. 


27.6 AN EXAMPLE OF THE ECONOMICS 
OF POLLUTION PREVENTION 


The economics of pollution prevention can be analyzed using 
the incremental economic analysis discussed in Chapter 10. 
First, it is assumed that pollution prevention activities require 
an additional capital investment. This incremental capital 
investment can be that required for modifications to an existing 
plant or the incremental capital investment required to include 
pollution prevention technology in a new design. The 
incremental net present value is 


INPV = -PC + YS(P/A,i,n) 
(10.4) 


This means that the incremental net present value for the 
pollution prevention improvement, INPV, can be calculated 
from the incremental project cost: the additional capital 
investment needed for pollution prevention technology, PC, and 
the yearly savings resulting from the pollution prevention 
improvement, YS. The question is how to estimate YS. 


As an example, consider the Love Canal near Buffalo, New 
York [12]. Hooker Chemical Company followed all existing 
regulations when burying toxic waste drums in a clay dome. 
Years later, the local municipality decided, against the strong 
objections of Hooker, to build homes and a school near that 
disposal site. During construction, the clay dome was disturbed, 
and the toxic chemicals began to leak. However, this leak was 
not discovered until health problems were observed years later. 
Subsequently, CERCLA (see Table 27.1) was enacted. Despite 
having followed all existing regulations at the time and having 


repeatedly warned the municipality not to disturb the site, it 
was Hooker, and not the municipality or any of the construction 
companies, that was held liable for the cleanup and for civil 
actions. This is an example of the meaning of “retroactive 
liability” in CERCLA. 

The lesson from this true story is that it is not always 
possible to predict the yearly savings from pollution prevention 
improvements with any certainty. This is one motivation for the 
Monte-Carlo uncertainty analysis discussed in Chapter 10, 
because this method allows these types of uncertainties to be 
factored into an economic analysis. Although it may look as if 
there are no yearly savings, estimating future liability with any 
certainty is difficult, if not impossible. Because the government 
has already established a precedent that it will change the rules 
and impose retroactive liability, a company doing business 
legally today may find itself liable for damages from laws not yet 
enacted. The conclusion is that pollution prevention activities 
are not only good environmental policy but also probably 
excellent long-term economic policy. 


27.7 LIFE CYCLE ANALYSIS 


Alife cycle analysis or life cycle assessment (LCA) is a 
detailed technical study of the “environmental consequences of 
a product, production process, package, or activity (done) 
holistically, across its entire life cycle” [13]. The time frame of 
such an analysis is often termed “cradle-to-grave.” 


The first step in any life cycle analysis is to define the 
boundaries of the analysis. If a vessel is used in the process, are 
the manufacture and possible disposal of the vessel within the 
boundaries? Is the production of the steel for the vessel 
included? Should the environmental effects of the mining of the 
iron ore be included? Or should the analysis begin with the on- 
site installation of the equipment? The choice of boundaries 
defines the scope of the analysis. A broader scope requires 
greater effort but leads to a more complete understanding of the 
environmental impact of a process. 


The remainder of the LCA consists of three stages: 


1. Inventory Analysis: This is a quantitative study of the material and 
energy inputs and the air, water, and solid waste outputs of the entire life 
of the product or process. 

2. Impact Analysis: The environmental consequences of both the inputs 
and the outputs of the inventory analysis are enumerated in this part of 
the LCA. 

3. Improvement Analysis: The opportunities for improving the 
environmental consequences through modifications to the product or 
process are included in this section. 


The life cycle itself can be divided into five stages [3]: 


. Raw materials acquisition 
. Material (of construction) manufacture 


. Product manufacture 


hw N m 


. Product use and reuse 


5. Product and equipment disposal 


Some models combine material manufacture and product 
manufacture into one stage [2]. At every stage in the life cycle, 
energy and material inputs are considered, as well as waste 
emissions. Therefore, a very “clean” process to manufacture a 
chemical may be considered less desirable, from an LCA 
standpoint, if a raw material (or a raw material for a raw 
material) is manufactured using a process that is very energy 
intensive or that produces large amounts of waste. 


Simple life cycle analyses are available [14]. They are most 
useful when parallel LCAs are done on competing products or 
processes, because they allow one to evaluate objectively the 
overall environmental impact of the choices. In this case, it is 
especially important that all parallel LCAs use the same 
boundaries. Example 27.4 demonstrates a very simplified life 
cycle analysis. 


Example 27.4 


Consider polyethylene, which can be made into plastic 
wrap (e.g., Glad™ Wrap) or plastic containers such as 
milk jugs. You work in a manufacturing facility that 
produces a variety of polyethylenes (e.g., low density and 
high density). Trace the life cycle of the products of your 
facility qualitatively. 


Solution 


Polyethylene is manufactured from very pure ethylene. 
Ethylene is a by-product of oil refining (or it could be 
obtained from certain shale gases), and hence the 
ultimate source of polyethylene is a fossil fuel natural 
resource. Therefore, all of the energy and waste disposal 
issues associated with oil refining (and even with oil 
production) are part of the polyethylene life cycle. 
Ethylene is usually purified from other light 
hydrocarbons; therefore, their fate is also part of this life 
cycle. This is usually not a problem, because methane can 
be used as a fuel and propane and propylene also have 
uses and are not disposed of. In preliminary separation 
steps, ethylene and ethane are in the same stream, but 
ultimately, they must be separated from each other. 
Because ethane and ethylene are close boilers and high- 
purity ethylene is needed, their separation by distillation 
is difficult, requiring large columns with large reflux 
ratios. The large reflux ratios increase the energy 
consumption, so this is also part of the polyethylene life 
cycle. 

The ultimate fate of the plastic wrap and plastic 
containers is also part of the polyethylene life cycle. If 
used containers are recycled and refilled, this is a 
beneficial part of the life cycle. If either the containers or 
the wrap could be collected and remanufactured into new 


containers or wrap, this would also be part of the life 
cycle. If the containers, for example, could be converted 
back into ethylene as part of a recycling program, this 
would also be part of the life cycle. If the polyethylene, in 
whatever form, ends up in a landfill, where it does not 
degrade, this is the ultimate part of the life cycle. 

Clearly, a quantitative life cycle analysis can easily 
become very involved. This example is simplified and 
does not include all aspects of the life cycle. For example, 
the materials used to manufacture the process 
equipment were not considered to be within the system 
boundaries. Therefore, a life cycle analysis can become 
very complex if all aspects are included. 


27.8 SUMMARY 


Green engineering is important because it is the right thing to 
do from an environmental standpoint, because it is likely to be 
good long-term economic policy, and because of the realities of 
the political climate involved in regulation of the chemical 
industry. This chapter has provided only a flavor of green 
engineering or pollution prevention. It was designed to give the 
reader a perspective on the issues associated with pollution 
prevention. It should be considered as a beginning, not an end. 
Further study is necessary to understand how to apply the 
principles introduced in this chapter to an actual chemical 
process design. 


WHAT YOU SHOULD HAVE LEARNED 
e Pollution prevention can be built into a process design. 


e Key issues include 


e The environmental fate of released chemicals 


e Avoiding harmful chemicals and waste chemicals 


e Increasing selectivity 
e Choosing better reaction pathways 


e Avoiding emissions 
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PROBLEMS 

For the following processes in Appendix B, suggest 
modifications that would make the process greener: 

1. The ethylbenzene process 

2. The styrene process 

3. The maleic anhydride process 

4. The ethylene oxide process 

5. The formalin process 

6. The ethylbenzene process 

7. The DME process 


8. The acetone process 


Section VI: Interpersonal and 
Communication Skills 


A chemical engineer is very much a member of a tiny technical 
elite of modern society. In the United States, less than 1% of the 
population is trained in engineering and sciences. Chemical 
engineers account for only 0.05% of the population, and yet 
they design and manage the plants that produce such essential 
goods as pharmaceuticals, plastics, paper, fertilizers and 
pesticides, fuels, synthetic fabrics, and clean water. Chemical 
engineers use jargon and perform calculations that are, at best, 
mysterious to most people. Their success depends not only on 
performing the calculations correctly but also on convincing the 
public that they can add value to the quality of life. In addition, 
to communicate clearly with the public as a whole, chemical 
engineers work most often as part of a team of professionals. 
The interaction and communication between team members are 
absolutely crucial to the success of any given project. 

The following chapters deal with the issues of team building 
and effective communications. 


Chapter 28: Teamwork 

The essential elements of team building and teamwork are 
described. The choice of group members, initial organization 
determination, roles within and outside the group, group 
management, team building, team member roles and 
responsibilities, and team self-evaluation are described. 
References to the most accessible team-building literature and 
examples of problems typically encountered by poorly 
functioning teams are included. 


Chapter 29: Written and Oral Communication 
Through a focus on audience analysis, strategies for improving 
the effectiveness of both written and oral presentations are 
explained. Commonly accepted (but frequently broken) 
formatting rules for figures and tables are covered, as are hints 
to effective use of communication software. 


Chapter 30: A Report-Writing Case Study 

Following a sample student design report, this chapter offers 
models of both strong and weak written communication in 
several formats: memoranda, visual aids, and short design 
reports. A checklist of common errors is provided. 


Chapter 28: Teamwork 


WHAT YOU WILL LEARN 


e Teamwork is essential in all fields of endeavor, including the chemical 


process industry. 


Chemical engineers work both with and for other chemical 
engineers, other types of engineers, scientists, and nontechnical 
people—often all at the same time. In short, chemical engineers 
do not work alone. 

Teamwork is not just working with or for other people; it is 
working together as a unit to accomplish goals in a way that 
each member of the team accomplishes more than that person 
could accomplish alone. The concept of teams and teamwork is 
an old and powerful one. 

Some would say that teamwork cannot be learned or that it 
is easy. In this chapter, both of these misconceptions are 
addressed. 


Developing the skill set for effective teamwork is an 
essential part of being a chemical engineer. As with the 


rest of engineering, although it is not easy, it can be 


learned. 


28.1 GROUPS 


A team is a subset of a group. Therefore, this chapter starts by 
addressing groups and group work. 

Any collection of people working on a common project can 
be considered a group. Two students working together in the 
chemistry laboratory course compose a group. Five students 
working on a design project are a group. A chemical engineer, a 
civil engineer, and a project manager working to get a water 
treatment plant on line act as a group. In each of these 
examples, and in myriad others inside and outside the 
engineering world, collections of people form groups to get a job 
done. It is certainly hoped that the group is more effective than 
any of the people working alone. However, that could not justify 
the existence of the group (although some groups only barely 
meet this criterion). To be an effective group, the group output 
should be better than the total output from all the individuals 
working alone. The concept that explains this increased 
efficiency is called synergy. It is related to the concept of 
economy of scale discussed in Chapter 7. 

When people form groups, various organizational behaviors 
occur. Some of these behaviors are productive, some are 


nonproductive, and some are counterproductive. However, 
none of these organizational behaviors is unchangeable. Section 
28.1.3 describes some of the organizational behaviors of groups 
and provides strategies to improve the efficiency and 
effectiveness of the group. The next two sections discuss 
characteristics of effective groups and offer a general strategy 
for improving group work. 


28.1.1 Characteristics of Effective Groups 


An effective group produces an output that is better than the 
total of outputs from the individual group members working 
alone. There are three important keys to achieving this 
effectiveness: 


1. Task differentiation 
2. Work environment 


3. Coordination 


Task Differentiation. In any group, members do different 
tasks. However, imagine a group in which each member did the 
same job, and then someone chose the best result to go forward. 
The group would be terribly inefficient. In fact, such a group 
would not even satisfy the first criterion of a group: that the 
group be more effective than any of the people working alone. 
In this example, the output of the group is only as good as the 
output of a single person working alone. However, this example 
suggests one of the keys to effective task differentiation: 


Each job should be done by the group member who can 


do it best. 


This is a heuristic. As with all heuristics, it cannot always be 
applied (nor should it), but it is a very helpful guide. For this 
heuristic, it is very important that the special abilities of each 
group member, vis-a-vis the project tasks, be known. Of course, 
a single group member might be best at a large proportion of 
the tasks, and that would lead to unequal workload, which 
would be a problem. Therefore, a second heuristic is used: 


Each group member should contribute equally to the 


group outcome. 


The overall group outcome should be the best that it can be 
(i.e., it should be optimized). This heuristic typically overrides 
the previous two heuristics for highly effective groups. It could 
easily be that the best outcome occurs when one (or a few) 
members do more than their share of work and/or when 
individual tasks are done by members who are not experts in 
that task. As in all of engineering, optimization is important. 

Other aspects of task differentiation may be important. For 
example, it may be optimal to train a member to do a task that 
another already does well. It may be helpful to have more than 


one member do the same task and then compare answers. (This 
is a classic error-checking strategy.) 

Too much task differentiation can create problems. The 
project outcome should never be dependent on any one person. 
For example, if a group member becomes sick, someone must 
be able to step in and do the job. This can be accomplished in 
two ways. Either all tasks have assigned backups 
(understudies), or all members develop and maintain 
competencies in a broad range of tasks. The former is a quick 
fix. The latter is more stable and leads to greater flexibility. 


Work Environment. People are more productive when 
the environment in which they work is safe, supportive, and 
challenging. It is incumbent on all group members to create and 
maintain this environment. 

Safety in this context often refers to the safety of one’s job. 
One of the most damaging events in a work environment is 
notice that someone is being reassigned or even fired. People 
work best when they feel somewhat safe, but they also need to 
be challenged. 


When the job is demanding, one tends to rise to the 
occasion. Clearly, then, there is an anxiety level, between safe 
and overly demanding, that optimizes one’s performance. 
Because this optimum anxiety level is affected by many factors, 
it is difficult to predict. To be a good group member, one needs 
to know one’s own optimum anxiety level and to give feedback 
to the group when one is outside the optimal range. 

The supportive aspect of the group work environment refers 
to help that other group members give when one’s efforts for the 
group do not meet expectations. Group members who are 
supported are much more likely to stretch for greater 
productivity or to be more creative. Both of these activities give 
rise to both higher overall outcomes and higher numbers of 
failures. Without a supportive environment, people take the 
easy path, which leads to few failures but only mediocre success. 

There are many heuristics to help group members improve 
the work environment and thereby increase group effectiveness. 
Here are some: 


e Tell the group if and when you are unable to meet expectations. 

e Be constructive and accept constructive criticism. 

e Assume that negative feedback was meant to help you improve. 

e Give positive reinforcement to group members. 

e Provide assistance to group members in achieving their professional goals. 


e Give credit to other group members when talking with group members 
and when talking with those outside the group. 


e Thank group members for taking risks. 
e Accept group responsibility for failures. 
e Avoid competition within the group. 


e Focus competition outside the group. 


e Offer assistance when group members have nonwork problems. 
e Try to obtain support for the group, not for individual group members. 


e Immediately cover for a group member who is having trouble. 


Coordination. Synergy requires a coordinated effort by the 
group members. This coordination involves breaking down the 
project into components, assigning these components to group 
members, ensuring communication of results, and assembling 
the results into the final product. As with any problem solving 
strategy, these steps are taken many times and often out of the 
order just described. An essential aspect of coordination is 
flexibility. If a project component is initially assigned to what 
turns out to be the wrong group member, it must be reassigned, 
without prejudice. If the chosen communication scheme breaks 
down, it must be changed. Example 28.1 describes such a 
scenario. 


Example 28.1 


In a typical design assignment, there are many aspects of 
the problem: problem definition, alternatives generation, 
research, communication with the client, technical 
analysis, economic analysis, error checking, report 
generation, presentation to the client, and others. 
Coordination in such a project might initially involve 
meeting together to discuss the problem, choosing a 
leader, determining a schedule, and specifying a division 
of duties. These activities are generally serial to the flow 
of the project. Then, various aspects of the research can 
be done in parallel. One group member studies the given 
flowsheet and puts it on the process simulator. Another 
member researches processes commonly used for the 
application. Another member meets with the client to 
gather any additional information. Still another studies 
the economics of the process and identifies 
opportunities. Then the group convenes to share the 
information, to verify the problem statement in light of 
the information obtained, and to brainstorm alternatives. 
Members then go off to work on their assigned tasks, 
with frequent communication with the other group 
members. Then the group reassembles to plan the final 
output and the format for delivery to the client. 


Obviously, many other steps are taken by the group, but, in 
each step, coordination is important. If two group members do 
the same job, effort is wasted (although, as noted in the 
previous section, this situation may provide some error 
checking). If something remains undone because it is not 
explicitly in any one member’s “job description,” the project 
may not get done on time. It may not get done at all. Here are 
some heuristics for group coordination: 


e Always know what everyone else’s assignment is. 


e Share information when it conceivably could be relevant to the work of 
another group member. 


e Ask the group, “Are we missing anything?” 


e When a gap in assignments is noticed, inform the group and offer a 
modification to solve the coordination problem. 


e Role-play the client/group interaction. 


e When information is shared, make sure you understand, even if it is not 
directly within the sphere of your assignment. 


e Focus on your assignment as a contribution to the group effort, not as a 
division of what is and is not your responsibility. 


e Be flexible. 


28.1.2 Assessing and Improving the Effectiveness of a Group 


Throughout any engineering activity, self-assessment is 
important. For a calculational homework problem, checking the 
answer before submission is standard procedure. On an 
examination, it can mean the difference between a good grade 
and a poor one. Group work is assessed in a similar way. The 
final answers (e.g., the details of the final report) must be 
checked by the entire group. Beyond that, the effectiveness of 
the group itself must be assessed repeatedly. For this 
assessment, the form in Figure 28.1 can be used. This form was 
developed by Dr. C. J. Coronella at the University of Nevada, 
Reno (2001). An on-line team-formation and assessment tool is 
available at http://www.catme.org. 


Group Assessment 


Please enter a score from 0 (worst) to 10 (best) in each row, for yourself and for your team members. If you enter 
uniform scores across the board, | know you haven't taken this assessment seriously. A 10 should be an unusual 
score, 


Enter your initials in the first column and those of the members of your group in the remaining (me) 
columns. 
Leadership 
10 Very strong leader, provided direction, inspired and encouraged others 
5 Willing follower, took directions easily 
0 Frustrated the group, blocked progress, criticized others 
Cooperation 
10 Worked readily with others, outstanding contributor, anticipated requests 
5 Cooperated with occasional prompting 
0 _ Rarely contributed or cooperated, worked alone, had to be coerced 
Initiative 
10 Produced good ideas which helped others, “went the extra mile” 
5 Accepted other's ideas and improved on them 
0 Criticized other's ideas, never contributed original ideas 
Attitude 
10 Positive, enthusiastic, encouraging others to work better 
5 Neutral, worked with the group without either enthusiasm or grumbling 
0 _Negative, complained about the project, worked unwillingly 
Effort 
10 Worked hard on assigned tasks, independently and cooperatively 
5 Worked reasonably hard, also socialized a lot. Occasional prodding needed. 


0 „Didn't contribute much at = tasks were — 


Preparation and conduct of Lab work 
10 Enthusiastic, came prepared to meetings and to lab. 
5 Came to all meetings, somewhat prepared. Often helpful. 
0 Missed lab, was unprepared, we'd have accomplished more without him or her. 
Writing of report 
10 Enthusiastic, contributed substantially to production 
5 Contributed everything that was asked. Work needed revision 


0 Didn't contribute to the production 
Preparation and delivery of presentation 
10 Enthusiastic, contributed substantially to production 
5 Contributed everything that was asked. Work needed revision 
0 Didn't contribute. 
Computation 
10 Helped others to understand and use computer tools 
5 Good, but not incredible, use of computers 


0__Uninterested or unable to use — tools n 


Grade 
You have 100 points to divide among your team members. Distribute the points in an equitable 
manner, where each score reflects effort and contribution, (which aren't always the same.) 
Assessment of the group 
10 Best group I've ever worked with; the project was fun as a result 
5 Group sometimes worked well together, with occasional problems 
O Worst group I've ever worked with (or not); this was a miserable experience 
Who in your group took most of the leadership for this last assignment? 
X Is your group functioning better, worse, or just differently than at the beginning of the semester? Explain. 


C J. Coronella, © 2001. 


Figure 28.1 Group Assessment Form (Used by Permission of 
Dr. C. J. Coronella, University of Nevada, Reno, Copyright 
2001) 


The assessment is short and therefore can be used at 
frequent intervals. The form should be used after the first 
meeting, halfway through the project, and at the end of the 
project. In addition, it should be used at least every week for 
longer projects. At this stage, some of the items on the form may 
not yet apply. Note that the form is parallel to many of the 
heuristics given above. Immediately after the group members 
fill out the form, a summary of all the forms should be shared 
with all. A discussion should immediately follow about the 
results, with the only goal being to make changes to improve the 
working of the group. All group members have a vested interest 
in improving the group effectiveness. Each member should try 
to take the feedback as constructive. The group result will be 
better, the group members will be less stressed, and the positive 
contributions of each member will be clear to all, as seen in 
Example 28.2. 


Example 28.2 


By using the form in Figure 28.1, the group finds that Jo 
believes that the other group members are putting in 
little effort. Robin thinks that effort was fairly consistent 
across the group but that the attitude of Sam and Lee was 
negative. Chris received low scores in leadership from 
everyone except Sam. After discussion of these results, it 
was determined (and accepted by all group members) 
that Chris needed to be more positive about group 
successes in group meetings. All of the group members 
began to understand the effect of morale on the 
effectiveness of the group. Jo found out that Robin, Sam, 
and Pat actually spent much effort in researching process 
alternatives that did not end up providing improvements. 
Because these alternatives were not part of the ongoing 
design work, Jo was unaware of this essential effort. It 
was decided that roles for and results from all group 
members would be discussed in the group meetings. 


Sometimes major problems occur in groups that make them 
highly ineffective and inefficient, such as withdrawal of a group 
member from the communal effort or competition for credit 
between group members. To be resolved, these problems must 
come to the attention of the group. If the matter is very 
personal, the group leader may need to deal with it directly. 
Otherwise, the group as a whole can seek to solve the problem, 
but only after the problem is identified through assessment. The 
following section describes typical group problems and offers 
often successful solutions. 


28.1.3 Organizational Behaviors and Strategies 
Throughout the group work, behaviors of members of the group 


will sometimes be conducive to group effectiveness and 
sometimes not. The following are some typical organizational 


behaviors. For more complete lists and strategies, see [1-3]. 


Friction. The group is like an engineering system, and the 
unappreciated dissipation of otherwise useful energy is friction. 
This friction comes from a variety of sources and must be 
reduced or eliminated as quickly as possible so that the energies 
of the group members are focused on the project. Here are some 
examples: 


e Apparently Unequal Work Distribution: Members of the group who 
believe they have more to do than others operate at lower efficiency. They 
have a responsibility to mention this perception to the group leader, who 
has the responsibility either to explain why the distribution is fair or to 
equalize the workload if it is unfair. Maintaining silence about this 
situation increases stress. Sharing perceptions with only a subset of the 
group makes the matter worse and harder to correct. 


e Low Motivation, Low Morale: People work harder when they are 
motivated. More important, they also work smarter. For example, 
motivated group members fill gaps between individual assignments when 
they notice them. Group members can become demotivated when they do 
not feel that their work is that important, when they do not care whether 
the group succeeds, when they are overwhelmed by group and nongroup 
pressures, and so on. Individual group members should try to be aware of 
their own low motivation; however, it is often more noticeable to other 
group members. In either case, this is a problem to be solved with the help 
of the group. The group leader should talk with the individual involved, try 
to determine the underlying cause of the low motivation, and make 
reassignments or offer other help. The extent to which the entire group is 
involved depends on whether the members have already sensed the 
problem. If so, the resolution should be described to them. A related 
source of friction is low morale. Groups work best when they have an 
emotional stake in the group result. If good group work increases one’s 
sense of well-being, one works harder and smarter. High morale can be 
maintained by frequent positive feedback to all group members, 
individually and jointly. Giving credit to group members whenever it 
might be deserved is a good policy. 


e Lack of Concurrence with Group Decisions: This is especially 
troublesome with groups in which the members are inexperienced in 
effective group work. First, the opinions of the members need to be aired. 
Then the group leader should lead a discussion of how the various options 
will advance the group project. If there are multiple options that appear to 
advance the group work nearly equally, the group leader makes the 
decision. The group leader should explain the value of continuing with the 
project, rather than worrying about the decision. The leader also has 
responsibility to explain the process by which decisions are made so that 
all the group members can accept the decision and move on, even if they 
do not believe the decision to be the best one. 


e Overlapping or Gapping Work Assignments: All group members 
have the responsibility to do their assigned work and to fill in the 
noticeable gaps in assignments between group members. If these gaps are 
too great, they require reassignment of work. The group leader should be 
alert to this possibility at all times, and the group members must inform 
the leader when gaps appear. Some overlap between work assignments 
should be expected and appreciated. Group members should try not to 
take offense when another member is assigned some of the same work. 


e Uncomfortable Group Interactions: Some people may be 
uncomfortable interacting with other group members for any number of 
reasons. Although much less common today, one historical example is the 
discomfort that some men have felt while working for a woman. Another 
common problem in undergraduate design groups is the existence of 


cliques and “outsiders.” These types of friction can be the most disruptive 
to group work, and they must be dealt with directly and quickly. Group 
interactions must be based on trust, respect, and responsibility. 
Reminding all group members of this principle of group work may 
mitigate the friction. However, in the context of a course design group, 
faculty help should be requested if needed. 


e Assigning Blame: Although assigning blame seems to be common in 
politics, it has no place in group work. Sometimes, a decision made by the 
group is later found to be a bad one. Unfortunately, too often this leads to 
one group member blaming another, which results in decreased efficiency 
for all. When problems arise, it is best to view them as group problems. 
“It’s not his fault or her fault; it’s our fault.” This viewpoint encourages a 
group solution that will be more durable than any individual’s solution. 


e Disengagement: For maximum effectiveness and efficiency, all group 
members must be engaged in the group work process. When a group 
member is disengaged, often the first symptom is a statement such as, 
“Just give me my work assignment and let me go.” The group members 
should offer encouragement by indicating the value of the individual’s 
work to the group result and by explaining that the group needs to work as 
a unit to avoid extra effort. Disengagement often follows from low 
motivation and/or low morale. 


Leadership. The most important thing about the 
leadership of the group is that there be an identified leader. 
Leaderless groups waste time discussing unimportant decisions, 
and all decisions seem to be temporary—open to additional 
time-consuming discussions at a later date. The role of the 
leader is to focus discussion, develop the structure of the group, 
pace the group members, and make decisions that advance the 
group and are acceptable to the group members. It is extremely 
important that all group members accept that the leader has 
these responsibilities to avoid friction from control issues. In 
response, the goal of the leader should be to improve the 
effectiveness of the group effort; the goal should not be to exert 
control. If the leader is flexible and yet consistent in decision 
making, friction can be minimized and more group member 
time will be spent effectively on task. Effective leaders ask for 
feedback on their leadership and use that feedback to improve. 
Some first-time leaders make too many plans without group 
input and make too many demands without sufficient explicit 
appreciation of the work done by the group members. Effective 
leaders guide their groups to develop plans that all group 
members appreciate and find that their group members are 
eager to do even more than what is assigned. Every group leader 
should read a complete book about developing the many unique 
skills required [4]. 


Organization. In a small group, the organizational 
structure is simple—only the leader and everyone else. For 
larger groups (ten or more) a three- (or more) tiered structure 
may be required. However, such a structure necessarily reduces 
the ratio of “workers” to “management,” which is apt to reduce 
group effectiveness. Therefore, the temptation to create 
multiple levels of organization should be resisted. If two group 
members research patents, there is no need to identify which 


person is “in charge” of patents. In large groups, the subgroups 
are best organized according to capabilities rather than 
according to fixed tasks. For example, a subgroup might be 
formed of five people who have the capability to find 
information in the literature and to analyze its value. The task 
assigned to this subgroup would vary during a design 
assignment, from patent searching, to alternatives research, to 
economic research. However, some of the members of this 
subgroup may be needed in another subgroup halfway through 
the project to work on process simulation. Thus, the 
organizational structure should be focused on both flexibility 
and capability (not task) functionality. 


Choosing Group Members. Two types of characteristics 
are important in choosing group members. Obviously, the group 
needs members who are competent in certain technical fields— 
for example, chemical engineers, chemists, and mechanical 
engineers. The technical expertise may need to be more specific, 
such as catalysis, simulation, thermodynamics, and so on. 
However, beyond their technical (or task-oriented) expertise, 
group members must have complementary process-oriented 
skills. “Process” here means the group process, or how group 
members interact. Many engineering students are currently 
evaluated by the Myers-Briggs Type Indicator (MBTI) or 
another tool designed to give feedback on an individual’s 
preferred style of learning and interacting with others on 
intellectual tasks. A well-constructed group will contain 
members with a breadth of learning and working styles. For 
example, a group of only introverts may ignore the concerns of 
the client, and a group of only intuitive members may fail to 
recommend much-needed experimental work in the final 
report. Crucial to the success of a group with a spectrum of 
styles is respect for all styles by all members of the group. 
Therefore, the best strategy for selecting group members 
depends on the sophistication of the members. If they already 
understand and value learning styles other than their own, the 
broad-spectrum approach is appropriate. If the concept of 
learning styles is new to the group (or the group leader!), it is 
better to choose a more coherent group—people who generally 
approach problem solving in a similar (but not identical) way. 
However, the latter approach will nearly always reduce the 
creativity of the group, even as it reduces friction. It should be 
used only until the group members can get to a learning styles 
workshop, which is available through most universities, 
technical societies, and large corporations. 

One indicator of different styles that is always available in a 
course is grade-point average. Students with straight A’s are 
different from students who earn B’s or C’s—and this difference 
often has more to do with learning styles and working styles 
than anything else. Therefore, it is advisable to choose group 
members so that the group is heterogeneous on this metric also. 
Grouping all A students together in one group and all B 


students in another is an ineffective strategy that has led to 
numerous group failures. 


Another consideration in choosing group members is 
friendship. Groups based on friendship are frequently 
unsuccessful on technical projects. In any reasonably complex 
project, there will be disagreements as to the best route to the 
final report. Friends may take these disagreements personally, 
in a way that people who view their relationship as purely 
professional may not. Professional relationships based on 
respect allow a more direct and honest dialogue, whereas 
personal relationships involve the added dimension of 
predicting the emotional response and modifying 
communication based on that prediction. In addition, other 
group members may hold back communication if they perceive 
themselves to be outside a clique of other group members. All 
these concerns have led to dysfunctional groups in design 
courses, with resulting poor project performance. In general for 
short-term projects, it is easier to be efficient and effective 
working with a colleague than with a friend. However over time, 
professional colleagues often develop strong friendships. 

An extreme case of this type of dysfunctional group behavior 
can occur when there are prior, current, or potential romantic 
relationships between group members. It is best to avoid such 
conflicts in choosing group members. The more high 
performing the group, the more damaging romantic 
complications can be. When conflicts of this type arise, they can 
become intense and lead to low morale, disengagement from 
group activity, and polarization of the entire group. 


Throughout one’s career, one works in groups with a wide 
variety of people. Sometimes another group member will be 
one’s polar opposite. For example, one member prefers to take 
in all the information, think about it, and give a solution 
without detailing the steps. Another prefers to go step-by-step 
and always keeps a neat calculations notebook. Group members 
need to interact on a basis of respect for each other’s unique 
styles. Interactions based on respect and professionalism make 
use of this diversity to enhance creativity, to improve 
communication with a wide variety of clients, and to help all 
group members develop a broader array of capabilities. 

When groups are chosen by someone outside the group (a 
professor in a course or a manager in industry), it is hoped that 
the above heuristics are used. Whether they are or not, self- 
selection of group members is the exception; outside selection is 
the norm. 


Roles and Responsibilities. The glue that holds the 
group together, as well as the lubricant that reduces the friction, 
is the clear understanding of roles and responsibilities of group 
members. The leader has the role of making decisions based on 
the best input from the group; however, this entails a 
responsibility to make those decisions even when it becomes 
unpopular to do so. Another leader responsibility is to monitor 


the group process continually to keep everyone on track, to 
make sure that nothing falls between the cracks, and to reduce 
unproductive tensions between group members proactively if 
possible (but retroactively if necessary). 

Each group member should know all group members’ roles 
on the project. If a role is unclear, it is the responsibility of the 
group member to obtain clarification from the leader. All group 
members have the responsibility for the final project results, 
jointly and severally. If the report is poor, it reflects poorly on 
all group members; if the report is good, all receive credit. If any 
one group member is unaware of the group results, it casts 
doubt on the entire group effort. 


Mobile Truth, Groupthink, Mob Effect. Earlier, group 
friction was described. Although this characterization covers 
most disruptive problems encountered by groups, another 
problem is “mobile truth” and related issues. As described in 
Chapter 25, when your affinity to a group clouds your ethical 
decision making, you are being affected by mobile truth. 
However, related situations arise frequently in group work that 
do not seem exactly like ethical problems. For example, group 
cohesion can lead to an autocatalytic agreement on group 
design decisions once they are proposed. If a tray column is 
chosen over a packed column by one group member, other 
group members may suspend their own judgment to add their 
vote. As more members agree, it becomes less likely that any 
other group member will disagree. The disturbing fact is that 
the same scenario could describe the same group, with the same 
available data, if the first person chose the packed column over 
the tray column. Thus, a random suggestion becomes the group 
choice without sufficient analysis. This phenomenon, known as 
groupthink, is well known to observers of groups but is often 
difficult for groups to see themselves. All group members must 
guard against it. One heuristic is to ask whether there is a better 
way whenever all the group members appear to be in 
agreement. It is potentially disastrous to know that you are right 
(by unanimous agreement!) when you are clearly (to those 
outside the group) wrong. 


28.2 GROUP EVOLUTION 


As groups develop, they go through stages. A widely used 
categorization of these stages devised by Tuckman [5] is used in 
this section. As with problem-solving strategies, the order of the 
stages is the typical case, but active groups of experienced group 
members tend to recycle back to earlier stages to optimize the 
group work. 


28.2.1 Forming 


The first stage is group formation. This stage may include the 
actual choosing of the group members, but often the members 
are chosen by someone external to the group. The group 


members get to know each other, including their technical 
abilities and preferred working styles. They share contact 
information to allow sharing of results outside normally 
scheduled group meetings. The leader is identified by the group 
members or externally, and the leader establishes an 
organizational structure. Rules and procedures for the group 
work are established. The charter or mission of the group is 
established. A charter is a statement of scope, task, and 
responsibility determined externally and given to the group. A 
mission is the same type of statement, but it is developed by 
the group itself as is common in what are referred to as self- 
directed work teams. These teams are given more autonomy, 
along with the responsibility to plan and manage their 
performance. They are expected to self-assess both their task 
results and group process activities. Example 28.3 is an example 
of forming. 


Example 28.3 


A group of six students in a design class is formed to 
design a portable fuel cell that can compete with existing 
gasoline-fueled generators for electrical power in remote 
locations. They introduce each other and share e-mail 
addresses and cell phone numbers. The members 
describe the way they do their engineering homework 
and study for exams as a low-key way to share their 
working styles. They discuss the charter presented to 
them by the course instructor. The group leader (chosen 
by the course instructor) sets up procedures, assigns 
tasks, and schedules daily meetings. 


28.2.2 Storming 


Creating a well-functioning group often requires a period of 
storming or flailing about. Group members test one another. 
They become aware of differences between themselves and 
focus on them as barriers to success. They disagree and debate 
issues—sometimes very minor issues. They question the mission 
of the group or the meaning of the problem posed to the group. 
They question the leadership and organizational structure 
developed in the forming stage. Although this is a normal stage 
in the development of the group, it can derail the entire project. 
Therefore, experienced group members recognize that reining 
in the discord is essential after the storming becomes 
counterproductive. The ability to guide this stage requires 
practice and self-reflection after each such situation. One 
heuristic for beginners: Just before the discord starts to digress 
into personal rather than professional attacks, point out that 
storming is going on and that it is time to move on to the next 
stage, as shown in Example 28.4. 


Example 28.4 


The group begins to complain about the wording of the 
charter, and they openly question why Chris was chosen 
as leader by the course instructor. Jo asks why they must 
meet every day; Lee wants to meet whenever the need 
arises. Robin wants to go to the course instructor to settle 
all these issues, but Sam thinks the group should 
function on its own. Pat says, “Let’s just stop this 
storming and get on with it.” 


28.2.3 Norming 


Norms are rules and procedures (some stated, some not) that 
guide group interactions. During this stage, norms are 
developed and accepted by the group members. The diversity of 
backgrounds, viewpoints, and experiences of the group 
members is accepted. Disagreement between group members 
on technical issues and on group process issues is accepted, but 
the group moves on. Individuals take on and accept their 
assigned roles and develop a sense of shared responsibility for 
the group effort. At this stage, detailed scheduling may be most 
effective. The group develops a Gantt chart or a PERT chart, if 
the project is complex enough to benefit (most are). The Gantt 
chart is a matrix of tasks (rows) versus time (columns). An open 
bar in the appropriate row going from the start of effort on the 
task to its conclusion is shown on the schedule. The bar is filled 
in proportion to the completed results of the task. At any time, 
the Gantt chart thus indicates which tasks are ahead of schedule 
and which are behind schedule. Various notations are made to 
show linkages between tasks, milestones, and slack time, but 
this is all beyond the scope of this text. The excellent article by 
Dewar [6] illustrates a clear and very useful description of this 
technique, which is the most common scheduling technique in 
engineering. The critical path method (CPM) and the 
PERT technique (program evaluation and review 
technique) can be used to determine the set of activities that 
must be performed in series without delays to minimize the 
total project time. These incorporate a flowsheet to show 
linkages between tasks and are especially useful for complex 
projects. An excellent description of this is presented by Smith 
[7], which also includes helpful software for the CPM. The PERT 
technique also allows for including uncertainty in the projected 
time required for individual tasks. Example 28.5 is an example 
of a scheduling meeting. 


Example 28.5 


Chris has read an article about Gantt charts and 
organizes a meeting to create one. It has been decided 
that all group meetings must have an agenda, so Chris 
provides one. At the meeting, Lee has many suggestions 
of tasks, but Jo is nearly silent. Once Lee stops talking, Jo 
asks, “Do we really need to do task number 7? It doesn’t 
seem to be linked to our overall goal.” Robin believes that 


task 7 is essential, Pat and Sam are not sure, and a short 
discussion ensues. Finally, the entire group realizes that 
they need to link each task to the goal, and that the 
diversity of opinions just witnessed helped them to reach 
a better solution. It is decided that, at each meeting, one 
group member will be assigned to observe discussions 
and to indicate when enough time has been spent on that 
issue. If a consensus has not been reached, Chris will 
make a decision. It is decided that communication with 
the course instructor will be primarily through Pat, who 
will report all such communication at each meeting. 

The Gantt chart created by the group is given in 
Figure E28.5, updated for four weeks after this meeting. 
Note that the group is a week behind in research and 
technical analysis but a week ahead in economic analysis. 
It becomes clear from this diagram that the effort on 
economic analysis should be redirected immediately to 
research and technical analysis to catch up, especially 
because a client meeting occurs next week. 


Gantt Chart Project Goal: Develop Study Estimate for Process 
| Week 


Present to Client 


Today 


Figure E28.5 Gantt Chart for Example 28.5 


28.2.4 Performing 


During the performing stage, most of the group on-task work 
is done. The preceding stages allow the development of the 
group processing that is essential to the smooth functioning of 
the group on the task. There is agreement on the project 
schedule, assigned tasks, and leadership. Results are shared 
with the group, and the project progresses to its conclusion. 
Diversity of analyses, conclusions, and recommendations by 
different group members is regarded as an advantage in 
developing creative solutions, optimizing group processes, and 
assessing the group results. The performing stage is the goal of 
the earlier stages, and results-oriented professionals such as 
engineers often try to jump right into this stage, without valuing 
the earlier stages. Although experienced group members can 
shorten the time in the earlier stages, they especially 
understand the need for developing an effective group culture, 
which is the goal of the forming, storming, and norming stages. 
It is essential for all groups to spend time and exert effort to 
develop this culture. 


28.3 TEAMS AND TEAMWORK 


A team is the ultimate group. As people become comfortable in 


group work, when they become efficient in group processing, 
and when they can maximize the effectiveness of the group to 
develop the best group result, their groups become teams. Thus, 
two characteristics that differentiate groups and teams are 
morale and task performance [2]. 


28.3.1 When Groups Become Teams 


The process of developing a team from a group is called team 
building. There are many specific procedures for team 
building used in countless short courses. A characteristic of 
most team members is that each has attended one or more such 
short courses or workshops. The best general advice to generate 
team skills is to attend such a workshop. These workshops are 
available through most universities and corporations, as well as 
through technical organizations (such as AIChE, SWE, or Tau 
Beta Pi). It is not necessary (nor even necessarily preferable) for 
all members of a team to have attended the same workshop; 
diversity of team-building approaches can enhance the activity. 
Before or after attending such a workshop, team-building skills 
can be honed by using heuristics such as the following: 


e Actively and consciously follow the four stages of group development. 
e Find common ground with each team member. 

e Find value in each team member’s contribution. 

e Create a team identity. 


e Appreciate diversity as a trigger in brainstorming, as a facilitator in filling 
gaps, and as a mirror to simulate the response of the client. 


e Accept all criticism as constructive. 
e Present all criticism in a constructive way. 


e Read through a chapter on teamwork while thinking about the working of 
your team. Choose one or two aspects of teamwork to work on as you work 
on the present task. 


e Joke with team members. Show concern when other team members are 
having trouble. 


e Scan the team for team members who may feel left out. Actively bring 
them into the core of the teamwork. 


e Share your analyses and opinions, but strive for the best decisions for the 
team, not for yourself. 


e Have and show concern for the development of other team members. 


e Ask frequently, “Are we a team yet?” 


When everyone in the group not only wants to but also 


works to improve the performance of every other 
member of the group, a team has been created. 


28.3.2 Unique Characteristics of Teams 


Teams can be identified (internally and externally) by several 
key characteristics. These improve morale, effectiveness, 
efficiency, and stability. Some of these are as follows: 


e Concern for Each Other: Team members help each other on their 
assignments in such a way that both team members become better 


problem solvers. A team member in difficulty asks for help, and other 
team members automatically provide it. The helping team member tries to 
teach the other how to avoid the difficulty in the future. When there is a 
crisis for one team member (professional or personal), the other team 
members immediately step in to help. 


Leaving No One Behind: In teams, all team members are assigned 
essential tasks, tasks that if not done properly will negatively impact the 
team result. A goal (shared and individual) of team members is to help 
each team member improve. All team members share in the successes and 
failures of the team. Individual team members are not blamed for failures; 
the team reflects on the failure and develops procedures to avoid it in the 
future. Team members congratulate each other (within the team and 
outside the team) all the time. 


Constructive Criticism: Team members feel comfortable discussing 
each other’s performance. They reflect on team activities and discuss ways 
for all team members to improve. There is more criticism and self- 
reflection in a team than in other groups, but there are few hurt feelings. 


Consensus, Not Voting: Voting is an impersonal attempt to involve all 
group members in a decision. Although a decision is made, the procedure 
creates two (or more) subgroups that have identified their differences. 
Consensus building is a process designed to produce a result by having 
team members (1) identify common ground and (2) actively keep the best 
interests of the team (rather than the individual) in mind. Consensus 
building is definitely not a vote followed by the “losers” giving in to the 
majority, and it is not a way to find the “least objectionable” or “least 
common denominator” solution. Consensus building begins with a 
discussion to determine the features of a solution that are acceptable to all 
team members. Then the solution is built by identifying divergent ideas 
and parsing them all (as a team) according to which is best for the team 
result, without concern for whose ideas they were or how a decision will 
affect the individual team member. A common misconception is that 
consensus means that all members believe the decision reached to be the 
best one. Rather, consensus means that all members consent to the 
decision. Some may still think that it is not best, but all agree to accept the 
decision as the group decision and move on. Groups vote but teams build 
consensus. Consensus generally results in better decisions and maintains 
team cohesiveness so that the team can move on without delay. 


Trust: Team members share information freely because they have high 
levels of trust in the team and all its members. This enhanced information 
flow speeds the teamwork, and it avoids “missing something” along the 
way. This trust also makes it easier for team members to accept decisions 
made by individual team members. 


Sacrifice: Team members work to advance the team toward its goals. 
This often means working longer or harder when team progress or the 
inability of other team members requires it. Team members check their 
egos at the door. They recognize that a good team result will reflect on 
them, that helping other team members will improve their own 
productivity, and that they can depend on other team members to help 
them. 


Leadership: In a high-functioning team, most or all of the team 
members have the capability to be the leader. They all accept the leader 
chosen, they try to help the leader improve leadership skills, and they 
accept the leader’s decisions. When decisions are made between 
alternatives that are nearly equally good, the leader makes those decisions. 
In other cases, consensus building is led by the leader. The leader is the 
outside contact for the team, but the leader always gives credit to the 
entire team. 


Automatic Compromise: Team members often have divergent views. 
As soon as a team member judges another’s view as more beneficial to the 
team, the team member automatically compromises. Team members 


compromise; group members negotiate. Compromising is essentially 
acknowledging another’s view as better than one’s own. Negotiation is 
coming to an agreement by surrendering one’s position to reach a central 
position. One irrational result of negotiating is that the final position is 
influenced by the original position. If one artificially hardens one’s initial 
position, the final outcome will tend to be closer to one’s views. Thus, 
negotiation favors exaggeration of differences, which itself causes group 
friction. 


e Doing More than Is Expected: Group members never say, “That’s not 
my job.” Team members never think it. Team members always tend 
toward doing more than their assignment. This decreases the chance that 
the team result will be adversely affected by errors in planning or work 
assignments. 


e Time on Task: Of the time spent, teams generally spend more time on 
task because they do not waste time complaining or trying to promote 
themselves over other team members. 


28.4 MISCONCEPTIONS 


Teamwork and team building are recognized as essential 
components in engineering. In fact, they are required of all 
accredited degree-granting engineering programs in the United 
States. As stated at the beginning of this chapter, chemical 
engineers work in teams (or groups) in all aspects of their work. 
This fact is sometimes misinterpreted in a way that leads to 
dysfunctional behaviors. Two of the main misconceptions 
arising in chemical engineering courses are addressed in this 
section. 


28.4.1 Team Exams 


“If engineers always work in teams, isn’t the most appropriate 
engineering examination a team exam?” No. Examinations test 
the ability of an engineering student to do the work of a team 
member. This is clearly an essential skill for an engineer, and it 
cannot be evaluated by giving a typical engineering examination 
to students working as a group. The value of such an 
examination would be to evaluate the group, but not the 
individual group member. 

In practice, there is often only one engineer on a team. 
When there are multiple engineers, often there is only one 
chemical engineer. Without development of and evaluation of 
individual engineering abilities, the chemical engineer would be 
unprepared to work in a group, let alone on a team. 

An extremely effective strategy for developing teamwork 
skills is to study in a team and be evaluated as an individual. 


28.4.2 Overreliance on Team Members 


In a group, there will be members of varying expertise and 
ability. As noted earlier, task differentiation is a characteristic of 
group work, but no group output should be totally dependent on 
any one member. A common misconception is that individual 
members can focus only on a narrow field of expertise because 
other group members will do the rest. Without task overlap, 
flexibility, and member backups, a slight disturbance can 


destroy the group momentum. A chemical engineering student 
may mistakenly conclude that an understanding of 
thermodynamics or differential equations is unnecessary 
because other group members can be relied on. The fallacy of 
this argument becomes clear when it is remembered that there 
may be only one engineer in the group. On a team, broad and 
deep knowledge and understanding of basic engineering 
concepts are even more essential because a team member is 
expected to fill in for another team member—even for a 
nonengineer. Thus, teamwork requires a broader and higher 
level of individual abilities, not a narrower or lower level. 


28.5 LEARNING IN TEAMS 


Teamwork can occur explicitly as a part of a course, in which 
case it is called cooperative or collaborative learning. The 
team can be formed outside the course structure but with the 
goal of improving the performance of all team members, in 
which case it is called a study group. In either case, the 
functioning of the group will be enhanced as it advances toward 
being a team, as described in Section 28.3. 


Learning to be an engineer is a challenging, time- 


consuming, and complex project—the ideal situation 
for teamwork. 


High achievers and low achievers both improve their 
learning when they study in teams. In fact, study groups 
function better for all members when there is a diversity of 
learners in the group. Although some study groups are formed 
for specific courses and then disbanded, a more effective 
scheme is to develop a study group across courses for students 
in the same curriculum. 

The following heuristics apply especially to teams set up 
with learning as the goal: 


e State as a goal that each team member will understand all the material, not 
that the “team” will understand the material. 


e Accept all approaches offered by any team member that lead to a correct 
answer or help to explain the material. 


e Realize that explaining information already understood to another team 
member will enhance learning for both people. 


e Congratulate all team members when everyone understands the material. 
e Celebrate high exam scores by any member of the team. 


e Ifateam member does poorly on an exam, make it a team goal to improve 
that team member’s learning. 


e Verify learning of each team member for a given learning objective. 


e Allow each team member time to do the problem individually. Then 
compare problem-solving strategies as well as answers. 


e Plan “time on task” for the entire team, and share contact information so 
that individual team members can get assistance when doing assignments 
alone. 


e Test each member of the team; that is, the team assesses individual 
performance. 


Instructors often examine teams by choosing which team 
member will answer any given question. Because each member 
is responsible for understanding all of the material studied by 
the team, all team members receive the grade earned by the 
single team member chosen. This strategy is consistent with the 
basis for team learning, and it reinforces the concept that a 
learning team can claim success only when all team members 
have acquired the individual knowledge and understanding to 
be successful. 


28.6 OTHER READING 


In this section, several excellent teamwork resources are listed. 
Each is easily accessible and can provide more in-depth 
information and ideas than possible in this chapter. A good 
team resource library should include each of the references. 

Teamwork from Start to Finish [1] by Fran Rees is a fun 
read (200 pages, paperback) that allows the reader to develop a 
sense of teamwork quickly. Although it does not discuss in 
depth the various aspects of teamwork, it is an excellent 
foundation that can be read at leisure. This book (and the other 
references) is typical of the best teamwork literature. The style 
is not dense as in a typical engineering textbook. It is meant for 
a general audience and especially for the standard one-day 
workshop on teamwork that nearly all U.S. engineers are sent to 
by their employers. 

Although Problem-Based Learning [2] by Donald Woods is 
focused on using teams in learning, its scope includes 
everything from building a team to being an effective 
chairperson and from coping creatively with conflict to self- 
assessment. It has a wealth of essential information on 
teamwork, and an annotated subject index where one can find 
definitions of terms as well as key page numbers. Dr. Woods 
was a chemical engineering professor at McMaster University. 
His engineering viewpoint is obvious from the directness of his 
explanations of what works and from his many tables, forms, 
figures, and mind maps. There are problems at the end of each 
chapter to help the reader process and internalize the 
information presented. 

Kimball Fisher and colleagues present the 100 most 
common problems that teams encounter and several suggested 
solutions for each in Tips for Teams [3]. This is one of the most 
popular and accessible of the books that offer advice on how to 
avoid and to correct conflicts in teamwork. 

Although all of these resource books have sections or 
chapters on leadership skills, anyone who ever wants to be a 
team leader should read at least one book focused on 
developing these specific skills. Leading Self-Directed Work 
Teams [4] by Kimball Fisher is an excellent choice. 


Every team needs a plan, and the most common planning 
technique is the Gantt chart. The lively and short article by Jeff 
Dewar [6] demonstrates the technique and shows why it is so 
powerful. It is all the reference needed to develop and use Gantt 
charts. 

Teamwork and Project Management [7] by Karl Smith of 
the University of Minnesota teaches engineering students to 
work effectively and efficiently in project teams. Case studies of 
student work demonstrate the various aspects of project work, 
including the project life cycle, project scoping, monitoring, 
documentation, and scheduling. The explanation of the critical 
path method is excellent, as are the chapters on teamwork 
skills. 

The Team Handbook [8] by Peter Scholtes and colleagues is 
considered by many in industry as a teamwork bible. It has been 
used in one-day and two-day workshops by companies since the 
late 1980s, and its format is geared to that application. It is 
about 200 pages and spiral-bound, with plenty of blank space 
on every page for notes. The many forms, lists, and guidelines 
are meant to be used in a team setting to identify problems, 
understand group behaviors, and move the group toward 
effective teamwork. The viewpoint of the authors is a common 
management strategy, continuous quality improvement, that 
demands teamwork. 


Donald Woods was a world leader in problem solving for 
decades. Many of the resource materials from his McMaster 
Problem Solving (MPS) program are available from him 
through the Web [9]. A particularly useful module is No. 28 on 
evaluating group skills. 

The U.S. National Aeronautics and Space Administration 
(NASA) provides a library Web site with lists of articles, books, 
and Internet resources on a wide range of topics. Two of the 
lists dealing with teamwork are listed along with their URLs 
[10]. These are excellent bibliographies. 

H. Scott Fogler and Steven LeBlanc’s Strategies for Creative 
Problem Solving [11] provides a wide array of exercises for use 
in team building. Through focusing on the stages of problem 
solving and the various proven heuristics for implementing 
them, these authors provide teamwork strategies that can be 
implemented immediately. 


28.7 SUMMARY 


Good engineers are team animals. One of their finely honed 
individual skills is the ability to be an excellent team member. 
In this introductory chapter about teamwork, the features of 
groups that make them effective and efficient were introduced. 
Heuristics were given to enhance teamwork by reducing the 
friction that can build in groups. The four stages of group 
evolution were described and examples given. The concept of a 
team as the ultimate group was presented, and misconceptions 


about individual responsibility versus team responsibility were 
discussed. Beyond this chapter, there is a wealth of literature on 
the subject. Some of the most useful resources were described. 


WHAT YOU SHOULD HAVE LEARNED 


e Teamwork is essential in the chemical process industry. 


e Characteristics of effective teams include the following: 


e Members do different tasks, but total compartmentalization is 
avoided. 


e The work environment is supportive. 
e Members work on tasks appropriate to their skills. 


e Characteristics of teams that should be avoided include 


e Unequal work distribution 
e Not having a leader or coordinator 


e Assigning blame for errors or incorrect team decisions 
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PROBLEMS 


These problems are not like normal homework problems to be 
done after just reading the chapter. Instead, they are 
assignments that should be done in the context of an actual 
group activity to improve group process. Although a group of 
four or five students is envisioned, the exercises will work with 
somewhat larger or smaller groups. They are often used during 
class sessions so that the instructor can provide immediate 
feedback. 


1. In turn, each group member describes the last homework 
assignment submitted, sharing the strategy used to solve the 
problem. The assignment chosen should have been done 
individually. After each member’s strategy has been 
described, the group should discuss the value in each 
strategy. The goal is not to rank the strategies but to develop 
respect for each strategy through constructive discussion. 
After the discussion, the group answers the question, “What 
have we learned from this exercise?” 


2. Each group member describes the most valuable course 
taken so far and why that course was so valuable. Then the 
group brainstorms criteria for determining the value of a 
course. After developing a list of 20 criteria in two minutes, 
the group creates a set of three criteria to use in assessing 
courses by developing a consensus rather than voting. 


3. As a group, develop a set of norms for a study group. 
Address such issues as who will be the leader, when and 
where the group should meet, how much preparation is 
expected of each member before each meeting, the agenda 
for a typical meeting, and how the success of the group will 
be assessed. 


4. Within the context of a group design project, meet to discuss 
and plan task differentiation. When the plan is complete, 
answer the following questions: 


m 


. What happens if one of the group members becomes ill and cannot 
complete the assigned task? (In turns, do this for each member.) 


2. For which tasks is there overlap? Why? 
3. What percent of the effort is being done by each group member? 


5. For the last group project completed, each group member 
fills out the form in Figure 28.1. One group member then 
collates the responses in a spreadsheet, and the group 
discusses how the group performed on the project. Finally, 
the group prepares a list of ways to improve the group work 
in future projects. 


6. Repeat Problem 28.1 for the last examination taken. Be sure 


to discuss timing as well as problem-solving strategies used. 


7. Each group member describes an example of friction in a 
prior group situation, and the group does the following: 


1. Determines which of the categories of friction from Section 28.1.3 best 
describes the example. 

2. Develops a suggestion for how the situation could have been handled 
better. 


8. For your most productive group experience, analyze 
whether it was a “team,” using the characteristics of teams 
given in Section 28.3.2. 


9. Each group member chooses several chapters of references 
[1], [3], [4], or [7]. Read them and report to the group how 
the strategies presented can help improve group 
effectiveness and efficiency. 


10. Choose the most difficult course you are likely to face next 
semester, and create a Gantt chart for succeeding in it. (If 
you are finishing this semester, choose finding a job or 
making the best impression in the job you have already 
chosen.) 


Chapter 29: Written and Oral 
Communication 


WHAT YOU WILL LEARN 


e High-quality written and oral communication is essential in all fields of 
endeavor, including the chemical process industry. 


Throughout your career as an engineer, chances are that you 
will draw on your skills in oral and written communication far 
more often than you ever imagined. Engineers report that they 
spend most of their time using some combination of the four 
communication skills: writing, speaking, reading, and listening 
[1]. The situation is the same for most engineering students, 
although their education may have given them far more 
opportunity to read and to listen than to write and to speak. 

Technical writing and oral presentation skills are 
particularly important to the design engineer. After all, the final 
product of a design project is generally an oral or written report 
(and sometimes both). Furthermore, throughout the design 
process, engineers use feasibility studies, environmental impact 
reports, meeting minutes, progress reports, status reports, 
appropriation requests, design notebooks, equipment 
specification sheets, and personnel evaluations, as well as 
various letters and memos, to document their work and to 
communicate their findings to colleagues, company 
management, clients or potential clients, and possibly the 
general public. 


Any evaluation of your success as an engineer, then, 


will be based in whole or in large part on the quality of 


your written and oral communication. 


In this chapter, instruction in basic writing skills is not 
attempted. There are many good texts on technical 
communication [2-4]. However, guidance in adapting this skill 
to the area of engineering communication that focuses on 
process design is provided. The formats and guidelines for 
written and oral design reports are explained, and strategies for 
improving communication are given. Other types of written 
reports common in engineering, such as laboratory reports and 
technical journal articles, are not covered. Many of the same 
strategies, however, apply to these genres, even though the 
specific guidelines may not. 

A sample student design report and the visuals from the oral 
presentation of the project are given in Chapter 30 of this book. 
Also included is a critique of these reports. Examples of the 


problems described in this chapter are given in the sample 
report. 


29.1 AUDIENCE ANALYSIS 


In all engineering communication, a crucial step is audience 
analysis. Written or oral reporting is, by definition, a transfer 
of information. Success at this transfer hinges on presenting the 
type, detail, and scope of information that the audience expects 
with a clarity that avoids misunderstandings. It is important 
that you do the following: 


1. Identify Your Intended Audience: Will your report or oral 
presentation be for fellow chemical engineers, other engineers, managers, 
executives, clients, or the general public? Both the appropriate level of 
detail and the focus will vary with the background of the audience. Senior 
executives, even if they were trained years ago as chemical engineers, may 
not quickly understand the mathematical details of your design. More 
important, they will not be very interested. Rather, they need more of a 
big-picture focus. How might what you have done impact the bottom line? 
The public’s perception of the company? The long-term viability of your 
company’s technical advantage over its competitors? There may be a 
broad range of audience backgrounds, especially if the primary recipients 
of your report forward it to others. 

2. Determine What Response You Want from Your Audience: Do 
you want them to approve the project? Do you want them to abandon the 
project? Do you want them to leave the presentation or finish reading the 
report confident that you have presented the best alternatives in a way 
that will help them make the decision? Do you want them to order the 
correct equipment and materials? Do you want them to be confident that 
you have studied the most important environmental impacts of the 
project? Do you want to be certain that your safety recommendations are 
immediately accepted and implemented? 

3. Imagine Yourself to Be One of Your Audience: After writing the 
first draft, read the report as if you were one of the people identified in 
Step 1, with the indicated background and areas of concern. Read the 
report or hear the oral presentation as this person would, and imagine 
what response you would have. What would you do after reading or 
hearing the report? 

4. Iterate: Multiple drafts are essential. As is the case when solving any 
complex problem, one must attempt a solution, evaluate it, and then 
improve upon it. In succeeding drafts, reconsider your likely audience 
response. If it is not what you want, you must continue to revise. 


29.2 WRITTEN COMMUNICATION 


Some of the purposes of putting ideas into writing are 


1. To provide a permanent record 
2. To get someone to do something (action writing) 


3. To instruct someone (informative writing) 


Often in engineering writing, all three purposes apply. What you 
write is a permanent record of your analysis, your conclusions, 
and your recommendations. Unlike oral communication, 
written documents must stand on their own, because the author 
is generally not present to answer questions about the content. 
Also, these documents will be referred to more than once, often 
much later than when they were written. Precise wording is 


crucial, because decisions may be made by the reader without 
any further consultation with the writer. Ambiguous words or 
phrases, gaps in logical developments, and undocumented 
assumptions can lead the reader to make a wrong decision. 

To help both the writer and the reader, various formats are 
used in written engineering communications. They serve both 
as a guide for the information flow of the document and as a 
rough checklist to be sure that important content is not omitted. 
The reader anticipates the location of specific content within the 
document; thus, the format helps the reader to understand the 
document, as well as to skip to those sections of most 
importance when pressed for time. In the following sections, 
several formats common to chemical process design are 
described. The detailed guidelines for each format vary from 
organization to organization, and a sample format for design 
reports used at West Virginia University and at Auburn 
University is given in section 29.2.8. 

Although a typical set of guidelines is given, it is by no 
means the only (or necessarily the best) such set for design 
reports. In fact, the best guidelines in a particular organization 
are the ones agreed to by that organization. They are, in the best 
of circumstances, an agreement between both parties, whose 
purpose is to make the communication between the writer and 
the reader more complete, reliable, and efficient. The first step, 
then, is to determine what your organization’s guidelines are. 


29.2.1 Design Reports 


In general, a design report presents the results of a design 
effort to those who will either implement the design or decide 
whether the design will be implemented. As with the design 
process itself (described in Chapter 2), design reports are of 
varying scope, detail, and complexity. Early on, the order-of- 
magnitude estimate leads to a relatively short report whose 
purpose is to persuade the reader either to commit to go 
forward to the study-estimate stage or to abandon the project in 
favor of other opportunities. The audience for such a report is 
typically upper management. 

The goal of these early reports is to present the data required 
for decisions that are quite difficult to make. When the final 
project may require a capital expenditure of millions or even 
hundreds of millions of dollars, the stakes are high, and the 
audience needs enough information to be reasonably confident 
that the decision is the right one. The audience requires the 
following: 


e Acareful analysis of a base case with sufficient detail to provide a context 
e Evidence that the most reasonable options have been considered 

e A careful analysis of these options 

e A statement of and justification for any significant assumptions made 


e A finite number of options, with a clear analysis of the advantages and 
disadvantages of each 


e An estimate of the accuracy of the analysis 


The audience for such a report is likely to be less interested in 
the details of proven technology than in the details and risks of 
new processes, catalysts, or equipment. The financial, 
environmental, health, and public perception aspects are likely 
to be of high concern. 


Later design reports (based on preliminary design, 
definitive, and detailed estimates) are apt to have more 
technical audiences of process engineers, engineering/ project 
managers, project engineers, purchasing agents, and so on. 
They will be more interested in the details that allow the design 
to proceed to a final, constructed, and operating plant. One 
outcome of any successful design report, however, is the 
informed decision of the readers to do something—to commit 
the company to more detailed design (or not), to order 
equipment, to start up a plant, to go after new markets, or to 
modify a process to increase yield or reduce environmental 
impact. 


29.2.2 Transmittal Letters or Memos 


The report stands on its own, but it is usually sent to the readers 
with a cover sheet giving a broad overview of the document. 
This is a memo if the recipient is a fellow employee of the 
organization; it is a letter if the recipient is a client or an 
employee of a different organization. Some engineers may 
mistakenly treat this transmittal memo or letter as merely a tag 
formally indicating who is doing the transmitting, when, and to 
whom. However, the real purpose and distinct value of this 
sheet is to convince the potential reader to become a bona fide 
reader. To do this, the transmittal memo must contain a very 
brief statement of the scope and of the most important 
conclusion or recommendation of the report. It must catch the 
attention of the recipient. The reward of a good transmittal 
memo is that your report is read (at least in part). 


29.2.3 Executive Summaries and Abstracts 


Design reports can be long, and they often must contain very 
detailed information that will be of interest to only a small 
fraction of the readers of the document. All readers, however, 
benefit from a broad overview of the project being reported, 
with key assumptions, results, conclusions, and 
recommendations given. This overview is called an executive 
summary. Its length is governed by the guidelines of the 
organization. Some companies impose a one-or two-page 
maximum, whereas other organizations (especially government 
agencies) encourage longer executive summaries that are, in 
effect, short reports. Some guidelines suggest that the executive 
summary should be no more than 5% or 10% of the length of the 
report. The key is to remember that a well-written executive 
summary will be short enough that busy executives will read it 
all but will communicate enough information to satisfy these 
executives, who are unlikely to read the rest of the report. 


Some guidelines fail to make the distinction between an 
executive summary and an abstract. Others define the executive 
summary as longer than an abstract or more focused on 
conclusions and recommendations than is the abstract, which 
may also summarize the procedures used in the analysis. In any 
case, the executive summary must be focused on the needs of 
executives whose job is to make the proper decision based on 
the work you have done, without reading the details contained 
in the full report. On the other hand, an abstract is a very 
boiled-down version of the complete report and should have the 
same focus as does the full report. The abstract provides enough 
information for the reader to decide whether to read the report, 
and it provides an overview that will help the reader to 
assimilate the information while reading the report. Even 
though an abstract or executive summary appears at the 
beginning of the report, it should be written last. Care should be 
taken when writing the executive summary and/or abstract that 
all important results and conclusions are included, because 
these are often the only sections of the report that are read in 
their entirety. 

An executive summary (or abstract) should be a synopsis of 
the project being reported, not a description of the report itself. 
The former is called an informative executive summary 
and may include statements such as, “The total capital 
investment is $100 million.” The latter would be a descriptive 
executive summary and would include less helpful 
statements such as, “The total capital investment is given in 
Section 4 of the report.” If the goal of the summary is to get 
information to a reader whose time is too valuable to read the 
report (but who must make an important decision), it is poor 
strategy to write an executive summary (descriptive) to 
convince readers that they must then read the report to get any 
useful information. Rather, the executive summary 
(informative) should contain all the information necessary for 
the executive reader to make the decision, and the body of the 
report should contain the details that will be required by others 
to implement the decision. 

The reader of an abstract or an executive summary may not 
read the entire report or may not have access to the entire 
report. Therefore, the executive summary or abstract should 
stand alone, that is, there should be no references to figures, 
tables, equations, reference citations, and so on, found in the 
report. 


29.2.4 Other Types of Written Communication 


Progress reports are often required for long projects. The 
goals of these (usually short) reports are 


. To indicate the progress made to date 
. To present a schedule for the remainder of the project 


. To explain any unanticipated problems or opportunities encountered 
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. To propose or to report on changes in direction from those originally 
projected 


5. To give a synopsis of the important findings of the project 


Performance evaluations are periodic (often annual or 
semiannual) reports of the quality of an employee’s work. They 
generally include 


. Asynopsis of the completed work 
. An evaluation of the quality of that work 
. Alist or narrative of the observed strengths and weaknesses 


. Recommendations for improvement 
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- Qualitative or quantitative rankings on specific work attributes 


Minutes are often taken during design meetings, especially 
when important decisions are made or when the meetings 
involve clients. The minutes include a list of important topics 
discussed, important decisions made, and crucial information 
communicated to the parties present, as well as the list of 
attendees and the time and place of the meeting. Without 
minutes, different attendees will have memories (or even will 
have notes) of the decisions made that are in conflict. Minutes 
create the permanent record of the meeting that allows 
everyone involved to know where things are headed. To be 
effective, they must be signed by the minutes author and by 
representatives of each of the groups at the meeting. This 
typically involves a total of three signatures (client, manager, 
and author). 

Nowadays, e-mail within an organization and across the 
Internet is the medium of choice for rapid communication. 
Unfortunately, some engineers (and others) fail to apply the 
same criteria for precision, clarity, and accuracy to e-mail 
messages that they do to other written communication. These 
messages can be extremely important, and, although they can 
be less formal, they must convey the message accurately. Also, 
some e-mail users forget that their messages are at least as 
permanent as a paper document. In fact, many more copies may 
stay around for much longer. In some organizations now, there 
is a rule that nothing should be put in an e-mail message that 
the writer would not want forwarded, tweeted, posted on 
Facebook, or circulated in hard copy throughout the 
organization. Any document posted anywhere on the Internet is 
potentially available to anyone in the world and probably can 
never be removed. 


29.2.5 Exhibits (Figures and Tables) 


Many of the important results will be presented in figures and 
tables. When the numerical values are important to the 
audience, a table is more appropriate. When the trend of the 
data or the difference between sets of data is important, a graph 
is better. Figures (graphs and pictures) are numbered 
sequentially in the order that they are cited in the report. If they 
are not cited, they are not included. Similarly, tables are 
numbered sequentially in the order that they are cited. In most 
reports, these exhibits appear close to the point where they are 
cited, but care should be taken not to interrupt the flow of the 


text too much. 

The typical kind of graph that engineers use (with two linear 
scales) is sometimes called a scatter plot or an x-y plot. Care 
should be taken to choose properly the dependent and 
independent variables, and the axes must be labeled with the 
variable name. Usually, an axis is not labeled with the symbol 
for the variable (because these are not standardized), and it is 
never labeled with only the units of the variable. The units 
should be included in the axis label after the variable name. For 
example, “Manufacturing Cost ($/y)” would be appropriate, but 
“($/y)” would not. The title of the graph appears in the caption 
at the bottom of the figure, immediately after the figure 
number. The title should be descriptive and should not merely 
repeat the axis labels. For example, “Figure 3. Determination of 
Optimum Pipe Diameter” might be appropriate, whereas 
“Figure 3. Annualized Cost Versus Pipe Diameter” would not be 
acceptable. 


Other types of figures used in design reports are process 
(and block) flow diagrams, piping and instrumentation 
diagrams, pie charts, histograms (bar charts), and scheduling 
charts. Each is numbered, cited in the text, and titled. Specific 
format instructions for flow diagrams and P&IDs are given in 
Chapter 1. Pie charts and histograms are used to show relative 
sizes of quantities. For example, the total operating cost has 
many components, but only the steam cost may be a significant 
fraction compared with the rest. A pie chart would show this. 
The total quantity that the pie represents should always be 
given. Relationships between numerical variables, however, are 
not shown on pie charts or histograms. A scheduling chart is 
often included in reports of ongoing projects, and these are 
numbered, titled, and located in the same way as other figures. 


Tables contain a number and descriptive title at the top, and 
each column (except the first in some cases) has a label with 
appropriate units. Appropriate numbers of significant digits 
should be shown, and the columns of numbers should line up by 
their decimal points. 


29.2.6 References 


When the ideas or words of another author are used, proper 
attribution is made in the report. A mark (superscript number, 
number in brackets, or author name and date in parentheses) is 
shown in the text at the point where the work is used. The 
complete citation is given either in a footnote at the bottom of 
the page or at the end of the body of the report in a separate 
section. The format for the text mark and for the citation are set 
in the guidelines of the organization and must be followed. 
There are two main reasons for citations of other work. The 
citation acknowledges the ideas as someone else’s, not yours. 
Such acknowledgment is essential; its absence is plagiarism. 
(Note that citation is required even when there is no direct 
quotation of another author.) Also, the citations give the reader 


guidance to other written sources whose level of detail or focus 
are different from your report. 


With the Internet, it is easy to download text into a file on a 
computer. To cite this material properly in the report, 
authorship data must be maintained to be able to write the 
citation. At a minimum, the Internet address (URL) should be 
included to provide the reader with the author, date, and other 
information. 


29.2.7 Strategies for Writing 


The writing process is different for each writer. Some people 
write best long-hand, others at a computer. Isolation is better 
for some, but being in the middle of the activity is better for 
others. Some prefer to spend more time per draft on fewer 
drafts, whereas others need to get something down on paper 
(screen), even if it will be modified drastically before the final 
draft. Here is a strategy that can be quite effective: 


1. Define your audience and your purpose. 

2. Outline what you want in the report. This may be formal or only a list of 
topics, statements, or visuals that are key to your message. 

3. Start writing early. Writing the introduction is a way of exploring what the 
problem is. Once you have identified the problem, the focus of the rest of 
the report will be clearer. Think of the writing of the report as you would 
any problem, and use one of the problem-solving strategies from this 
book. 

4. Inthe first draft, focus on the facts and on the logic. Save editing for later. 


Do not turn in a first draft as a final draft. 
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6. Set aside the writing for a day before you pick up the hard copy to revise 
it. 
7. Revise for organization, logic, technical content, clarity, and so on. 
8. Set aside the hard copy for one day. 
9. Revise for grammar, spelling, punctuation, conciseness, word choice, and 
other elements of editing. 
10. Have someone read it aloud to you. 
11. Do the final revision. 


12. Proofread the hard copy. 


This strategy is an example of an ideal process. Other 
models could be found. Experienced writers do not always 
follow all these steps, but the more closely they are followed, the 
better the writing. An important issue is writer’s block, which is 
a state of such high anxiety about writing that writing becomes 
impossible. Much like stage fright, writer’s block is 
autocatalytic. The writing paralysis caused by the anxiety 
creates increased anxiety, which leads to heightened paralysis. 
Identifying the cause leads naturally to the cure. The three most 
common causes are as follows: 

1. Not Fully Understanding What Is Trying to Be Explained: 


Confusion about the technical content of the work makes it is very difficult 
to put it down in words. 

2. Having No Clear Sense of Audience or Purpose: Not knowing who 
will read the report makes it difficult to communicate with them. 

3. Trying to Turn Out a Final Version Painful Word by Painful 
Word: Attempting to write the perfect report in one draft means that the 
first draft will take far longer than writing multiple drafts. 


When a group writes a single report, there are three basic 
strategies: 


1. Assigned Sections: This is especially helpful for long reports or when 
different members of the group have different strengths. A drawback is 
that the logical connections between the sections can be missed, and this 
must be corrected by having all members of the group critique all sections 
of the report between drafts. Finally, one person needs to go through and 
modify the writing of the sections and the formatting of the report so that 
they are written in one style. 

2. Writing by Committee: On shorter reports, the entire group can meet 
together, talk about what should be in each section, and decide as a group 
what the wording should be. This is a difficult strategy to implement, and, 
in fact, confusing, unfocused writing is often characterized derisively as 
“written by committee.” 

3. Assigned Functions: Members of the group can be assigned tasks such 
as preparing the outline, writing the drafts, critiquing the drafts for 
technical errors, critiquing the drafts for expected audience response, 
checking for consistency and logical connections, and so on. Again, 
coordination is the key. Everyone reads all drafts. 


29.2.8 WVU and Auburn University Guidelines for Written 
Design Reports 
The following guidelines are adapted from those originally 
written by the chemical engineering faculty at West Virginia 
University and those currently used at Auburn University. They 
are available at 
http://cbe.statler.wvu.edu/undergraduate/projects. They may 
be reproduced for use in engineering courses with appropriate 
attribution to the Web site. 


The format for presenting a written design report 
differs from that of a laboratory report. A laboratory 
report is more of a scholarly endeavor in which a 
scientific story is told starting with theory, proceeding 
through results, discussion, and conclusion. It is 
usually assumed that the reader will read the entire 
report. In a design report, the most important 
conclusions should appear early in the report, with 
more detail presented for the reader who reads further 
into the report. Such is the way of business, where the 
bottom line must be effectively conveyed to someone 
who may not have the time to read the entire report. 


Grammar, Punctuation, and Spelling 


It is important to write using correct spelling, 
grammar, and punctuation. Incorrect spelling, 
incorrect grammar, incorrect word usage, and 
incorrect punctuation make a poor impression on the 
reader. They can deflect attention from quality 
technical work. There is no reason for incorrectly 
spelled words in any report. Spell checkers identify 
incorrectly spelled words for you, and they also identify 
words that are often confused with each other. The 


document must still be proofread carefully, since a 
spell checker will not identify a correctly spelled 
incorrect word (e.g., “too” instead of “two”). 


For those who are unsure of the correct use of 
punctuation, grammar, etc., the Web site 
http://grammar.ccc.commnet.edu/grammar is a good 
reference. 
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In general, first person (pronouns “I,” “we,” “me”) 
should be avoided. The passive voice should be used. 
(“It was done” instead of “I/we did it.”) The passive 
voice will be flagged by the grammar checker unless 
that option is disabled. Others may say not to use the 
passive voice; however, it is more formal, and therefore 
“better,” than the alternative. Addressing the reader 
should also be avoided. (“You should do this.” “Seek 
medical attention.”). Note that parts of this chapter do 
address the reader, because they are meant to be 
instructions. Additionally, the use of third person in 
the form of “One can see ...” should also be avoided. 


The report should be written as a recommendation, 
not as if the process is already built (unless it is already 
built!). Therefore, avoid stating, “A 10 m° reactor was 
installed.” Instead, write, “It is recommended that a 10 
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m”? reactor be used.” 


Avoid using active verbs with inanimate objects. 
For example, “This report optimizes...” is incorrect, 
because a report, which is inanimate, cannot optimize. 
Instead, try “This report contains the optimization 
of...” 

The most common punctuation errors are the 
omission of commas and the misuse of semicolons. 

Commas must be used to separate introductory 
phrases and subordinate clauses from the subject of 
the sentence. For example, there must be a comma in 
the following sentence before optimization: “On the 
other hand, optimization yielded...” Similarly, 
conjunctive adverbs (therefore, however, although) at 
the beginning of sentences must be followed by 
commas. 

Commas precede coordinating conjunctions (and, 
but, or) if the clause following the conjunction contains 
a new subject. For example, a comma is needed before 
“and” in the following sentence: “The reactor was 
optimized, and the optimum temperature was found to 
be 100°C.” A comma should not be used in the 
following sentence because what follows the 
conjunction refers to the original subject of the 
sentence: “The reactor was optimized and found to 
require a temperature of 100°C.” 


When complete sentences are separated by 
conjunctive adverbs (therefore, however, although), 


the conjunctive adverb is preceded by a semicolon and 
followed by a comma (for example, “A three- 
compressor configuration was investigated; however, 
the two-compressor configuration was found to be the 
optimum”). 

Semicolons are also used to separate two complete 
sentences that are written as one sentence. This should 
be used sparingly, mostly for effect (for example, “A 
three-compressor configuration was investigated; it 
was found to be incredibly expensive”). 

It should be observed that the compound adjective 
“three-compressor” is hyphenated. Another example is 
high-pressure steam. This occurs only when the 
compound is used as an adjective (for example, “High- 
pressure steam was used” but “The steam used was of 
high pressure”). 


Group Reports 


Group reports must be edited for consistency. Each 
group member should read every section and provide 
feedback to the section authors. Simply assembling 
individually written sections without editing almost 
always results in a very poor report. One group 
member should be designated as the editor. This 
person should make certain that all figures, tables, 
equations, etc., are numbered consistently, that font 
types and sizes are consistent, that formatting such as 
the indentation spacing, paragraph spacing, 
justification, etc., are all consistent. 


Report Format 
The suggested report format is as follows. 
Letter of Transmittal 


This is amemorandum (if internal) or a letter (if 
external) to the appropriate person identifying the 
report. The report is actually an enclosure to this letter. 
Remember to refer to the original memorandum or 
problem statement. In order to get the reader’s 
attention, writing several sentences summarizing the 
bottom line is essential. The memo or letter should 
always be signed or initialed. This letter stands alone. 
It contains no figures or tables and does not reference 
any figures or tables contained within the report. 


Title Page 


This must include the title, names of all contributors to 
the report, the business name (class number and name 
will suffice), and the date. 


Abstract or Executive Summary 


An abstract or executive summary should start on a 
new page and nothing else should appear on the same 
page. It should appear after the title page. 


An executive summary is essentially a long abstract. 
Whereas an abstract is usually less than one typed 
page, an executive summary may be several pages. An 
executive summary is usually reserved for a very long 
report, while an abstract is appropriate for shorter 
reports. Very long reports may have executive 
summaries approaching ten pages. It is probably best 
for the executive summary to be less than 10% of the 
total report length. For most student reports, an 
abstract is appropriate. Some multivolume reports may 
contain both an abstract for each volume and an 
overall executive summary. 


At times, an entire report may be an executive 
summary plus appendices, usually if the report is 
short. This is essentially a short report without an 
abstract. In this case, the executive summary should 
have the same organization as a full report, without 
separate section headings. It should include key figures 
and tables but need not include as much discussion as 
a full report. The Results section may be abbreviated, 
with additional tables and figures well organized in the 
appendix. A key difference between an abstract and an 
executive summary is that an abstract stands alone. It 
contains no figures or tables, only rarely contains an 
equation, and does not refer to any figures (such as 
references to a PFD—stream numbers, equipment 
numbers) or tables contained within the report. 


Either an abstract or an executive summary should 
convey to the reader, in a rapid and concise manner, 
what was done, what is concluded, and what is 
recommended. This is for the reader who may not read 
any further or for the reader who is deciding whether 
or not to read any further. The bottom line should be 
summarized; the computational details should not be 
discussed unless they are unique and applicable 
beyond the report at hand. In an executive summary 
(but not in an abstract), a few well-chosen graphs, pie 
charts, or histograms may be used to emphasize the 
important points, but these should be chosen wisely in 
order to keep the length of the executive summary 
down. 

These instructions suggest that the contents of the 
abstract and letter of transmittal are similar. Since 
both sections are supposed to provide a summary of 
important conclusions, there will be significant 
repetition of content. The abstract usually contains 


more information than the letter of transmittal. 


Table of Contents 


This is necessary only for longer reports. At the top of 
the page, the proper title is “Contents,” not “Table of 
Contents.” Regardless of whether a table of contents is 
included, all pages of the report should be numbered, 
preferably at the top right corner or top center (the 
latter permits easy two-sided copying). Sections, 
subsections, etc., should be numbered, indented, or 
otherwise indicated. If a row of periods is desired 
between the section title and the page number, it is 
important to use that feature of the word processor, 
usually found in the tab function. Typing the row of 
periods always results in misalignment of the page 
numbers. 


Introduction 


This is for the reader who continues past the abstract. 
The introduction should start with the project goals 
(what was assigned) and continue with a one-or two- 
paragraph summary of what was done, without 
presenting results or conclusions, and (very briefly) 
how it was done. A summary of the constraints on the 
problem is appropriate, as well as some perspective on 
the specific problem in the context of the larger 
business picture. There should be no results or 
conclusions in the Introduction section. 


Results 


The Results section states what was found. It is usually 
presented without detailed explanations, which are in 
the Discussion section. 


The following are essential components of a Results 
section: 


1. Labeled and dated process flow diagram (PFD)—Simulator 
PFDs are unacceptable. 

2. Stream flow tables—These must include temperature, pressure, 
phase, total mass flowrate, total molar flowrate, and 
component molar flowrates for every numbered stream. 

3. Manufacturing cost summary—Yearly revenue and expense 
(income from product sales, expenses for raw materials, 
utilities [itemized], equipment costs if calculated as an annual 
cost, personnel, etc.) must be included. 

4. Investment summary—The cost to build and install plant now 
(if appropriate to goals of problem) is required. This should be 
itemized by piece of equipment. 

5. Equipment summary—A listing of equipment to be purchased 
and installed, with specifications, is required. This could be 
combined with item 4 if the list is not too long. 


The above should not simply appear without 


description. How appealing would it be to have a 
textbook with lots of figures and tables without 
explanations? This section is held together by prose 
that provides the reader with a roadmap through the 
tables and figures of item 1—item 5 above. Whether 
figures or tables are used for the above is the writer’s 
choice. Generally, a figure is used when the trends or 
relative relationships are more important than the 
actual numbers. It must be decided whether a figure or 
a table conveys the intent more efficiently. It is also 
important not to be redundant; a figure and a table 
illustrating the same point should not both be 
included. A choice must be made! 

The process flow diagram should be mentioned 
early in the prose of this section and referred to often. 


Discussion 


The Discussion section contains explanations of the 
results. It explains how the results were obtained and 
what they mean. However, a detailed log of how 
calculations were done should be avoided. This section 
is for the reader who wants still more information and 
is willing to read still further. Here, the reasons for 
making choices and the reasons for discarding 
alternatives are discussed and explained. This is where 
optimizations performed are explained. Nonroutine or 
unique computational aspects might also be discussed 
here.. 


For designs involving multiple classes, a subsection 
pertinent to each class is also appropriate. 


Conclusions 


Nothing new is presented in this section. The 
important conclusions should be reiterated, which may 
have already been stated in the abstract, the executive 
summary, and/or the letter of transmittal. Usually 
these will involve economics and process 
modifications. It is important to be concise and clear; 
lengthy paragraphs should be avoided. Once again, it is 
important to remember the bottom line! 


Recommendations 


This section includes recommendations for further 
action and/or further study. If there are few 
conclusions and recommendations, these two sections 
can be combined. Recommendations that are “pie in 
the sky” should be avoided, such as finding a better 
catalyst. Also, recommendations that are aspects of the 
work that were not completed but could have been 
completed should not be recommendations.. 


References 


A reference list is preferred over footnotes. There are 
two ways this section can be presented. If this is put at 
this location in the report, it should contain only 
references cited in the sections of the report preceding 
this section. References may be listed by number and 
cited in the text by this number, either as a superscript 
or as a number in parentheses or in brackets 
(preferred). Another method is to cite the reference by 
the author and year. The end of a chapter or the end of 
the book in any chemical engineering text can be 
consulted for a correct citation format. If this method 
is chosen, then any references to data sources 
appearing in the appendix should appear on the page 
on which that calculation is presented. 

No references should appear that are not 
specifically cited in the report. Software should never 
be referenced unless you use it as a source of data, as 
might be the case with a process simulator. 

The other alternative is to place the reference 
section at the very end of the report, and cite all data 
references in the appendix in the manner described 
above for the body of the report. 


Figures taken from books or the Web must be cited. 
Failure to do so is considered plagiarism. 


Other Sections 


Sometimes, especially for longer reports, specialized 
additional sections are included, such as Safety, 
Assumptions, Environmental Concerns, Risks, etc. The 
author should check with the prospective users of the 
document to determine the appropriate additional 
sections and what these sections should include. 


Appendix 


This section contains detailed calculations, computer 
programs, etc. A specific Contents page for the 
appendix is essential so the reader can easily find a 
particular calculation. Therefore, pages in the appendix 
must also be numbered. This numbering may be 
continuous with the main report or may start over. It is 
also possible to start numbering over for each 
appendix. If the latter is done, a letter indicating the 
appendix in which the page is contained should be 
included (e.g., page B-5 means page 5 of Appendix B). 
Calculations may be handwritten but should be legible 
and easy to follow. A full simulator report (including 
the flowsheet) for the final case should be included at 
the end. 


Other Aspects of the Report 
Figures and Tables 


Whichever is chosen, figures and tables have a specific 
format. They are numbered in the order in which they 
appear in the report. They should be embedded in the 
text where they are cited or appear on the pages 
immediately following where they are first cited in the 
prose. Figures and tables are cited by their name, not 
by a location (above, below). If a figure or table is not 
cited, it should not appear in the report. Tables have a 
title at the top. Figures have a caption at the bottom, 
which, if a graph, should not simply repeat the axes 
(unacceptable: y versus x; good: plot illustrating...). 
Nothing should appear at the top of a figure. The fact 
that most software puts a figure title at the top is not a 
reason to have a title at the top. If a title is placed at the 
top of a figure for an oral presentation, the title should 
be removed for the version used in the written report. 
There are only figures and tables. Nothing is labeled a 
graph, sketch, etc. When a figure or table is cited, 
Figure #, Stream #, or Table # should be considered a 
proper name and, therefore, be capitalized. Finally, if a 
report is printed in black and white or is to be copied in 
black and white, something other than colors in figures 
and tables to distinguish between items should be used 
(different shading, different symbols, different line 
types), since colors are not copied well. Also, on Excel 
plots, what looks good in color in PowerPoint may look 
terrible when copied in black and white. It is 
recommended that lines and symbols be black 
monochrome. 

Figures can be scatter plots, bar charts, or pie 
charts. Scatter plots are used when the independent 
variable (x-axis) is quantitative, for example, 
temperature. Bar charts are used when a 
nonquantitative independent variable is being plotted, 
for example, cost (y-axis) versus case study number or 
piece of equipment (x-axis). Pie charts are used when 
the relative amounts of quantities are being compared 
and the quantities form a whole, for example, 
distribution of capital costs between individual 
equipment. 

When pie charts are used, the total quantity 
(corresponding to the whole pie) should be in a legend 
or outside the pie. Each slice should contain the 
percentage of the pie. When graphs are used, “line 
charts” should not be used (where the x-axis has tick 
marks at irregular intervals) when the independent 
variable is numerical. Instead, scatter plots should be 
used. Increasing magnitude should always be to the 


right (x-axis) and up (y-axis). If using grid lines in 
scatter plots, both horizontal and vertical lines should 
be included. Gridlines help the reader identify the 
value of data points; however, grid lines should be used 
sparingly. 

Three-dimensional bar charts or scatter plots 
should be avoided, especially when only two variables 
are used, that is, if there is only one independent 
variable. Three-dimensional figures are very difficult to 
read. That the software uses 3-D plots as a default 
option is not a good reason to use them. 


For axes, use ranges in appropriately round 
numbers, for example, from 0 to 20, not from 3.47 to 
19.993. If possible, the origin should be on plots to 
provide the proper perspective. 


For plot axes and tables of figures, the appropriate 
number of significant figures should be used. The 
numbers appearing on a figure axis should all contain 
the same number of decimal places. 


When columns of figures appear in a table (and 
these should be used sparingly), each figure in the 
column must have the same units. If a total is shown, it 
should be the sum of all numbers above it. Columns 
should be lined up by the decimal point or by where 
the decimal point would be. 

The following terminology is used to define the 
orientation of a table or figure on a page. “Portrait” 
refers to the way typed text appears, with the long 
dimension of the paper vertical. This page is in 
portrait. “Landscape” refers to text, figures, or tables 
appearing with the long dimension of the paper 
horizontal. Assuming single-sided printing, landscape 
figures and tables should always be oriented facing 
outward, that is, the top of the figure or table is closer 
to the binding or where the binding would be. For two- 
sided printing, the figure or table should be oriented 
the same way as in single-sided printing, so the figure 
or table on even-numbered pages faces the binding. 

It is expected that numbers, symbols, and unit 
abbreviations will be used in the written report. The 
equation editor in the word processor should be used, 
and it is important to learn to insert symbols, 
superscripts, and subscripts in plotting software. For 
example, use 5°C, not five degrees C. Money values 
should be written as $25 million/y instead of 25 
million dollars per year. Lead zeroes should be 
included in all numbers less than 1, for example, 0.25 
instead of .25. Superscripted units should be written 
appropriately in both the report and in figures, for 
example, 10 m° instead of 10 m3. Items like m^3 are 
considered unacceptable for reports. 


When reporting large costs, millions of dollars, for 
example, no more than three or four significant figures 
should be presented. Just because a spreadsheet 
reports ten or more significant figures is no reason to 
present all of them. It is ludicrous to present a 
preliminary design down to the penny. Remember that 
people do not expect dollar figures to be in scientific 
notation. One million dollars should appear as $1 
million or $1,000,000. 


Equations 


Equations may be used in different parts of a report, as 
needed. The proper format for equations is as follows. 
Equations are usually centered. All equations are 
numbered serially, with the equation number usually 
right-justified. Only the number appears (not Eq. or 
Equation), either in parenthesis or in brackets. Just as 
with figures and tables, equations should be cited by 
number. Similarly, Equation # is a proper name and 
should be capitalized. It is not usual to refer to an 
equation by number before it appears. Correct and 
incorrect examples are presented below. 


Incorrect: 
The relationship for the heat capacity difference is 
given by Equation 1. 


2VT 
C= CS 


KT 
(equation 1) 


For an ideal gas, this reduces to Equation 2. 
Cp- C =R (Eq. 2) 


Correct: 
The relationship for the heat capacity difference 
is: 
aœ? VT 
Cy — Cy = (1) 


KT 


For an ideal gas, Equation 1 reduces to: 
C,-Cy=R (2) 


It is also considered improper format to include *, 
x, or - to indicate multiplication in an equation or 
anywhere else in a report, except as noted below for 
scientific notation. Therefore, PV = nRT is correct. The 
following are incorrect: Px V = n x R x T, P-V = n-R-T, 
P * V =n * R * T. Similarly, these symbols should be 
avoided in units. 


It is also incorrect to use the symbol ^ for an 


exponent in equations or anywhere else in a report. 


The terms and symbols used in all equations must 
be defined, either immediately after the equation or in 
a comprehensive nomenclature section appearing 
either immediately after the table of contents or at the 
end of the report, following the reference list. 

Finally, when using exponents, it is not correct to 
use E format. So, 6.02E23 is incorrect. 6.02 x 10” is 
correct. 


It is recommended to define a style in the word 
processor with a center tab for the equation and a right 
tab for the equation number. Trying to use tables or 
spaces usually results in misalignment of the equation 
number. 


How Engineering Reports Are Used 


An engineering report is essentially never read in its 
entirety by a single person. Most of the users of these 
documents are too busy to sit down and read every 
word. However, it must be assumed that each word will 
be read by someone, sometime, and that no one will be 
around to explain any ambiguous passages. The report 
must be useful to the following types of readers: 


1. The person who has only a few minutes to read the report. This 
is often an intelligent, nontechnical person who controls 
millions of dollars. It is imperative to be sure that this person 
can pick up the report, immediately find the important 
answers, that is, the “bottom line,” and make the right decision. 
If the answer is not prominently presented in the Executive 
Summary or the Abstract, this type of reader will judge your 
report to be of little value and no one can afford that judgment. 

2. The technical manager. It may be assumed that this person is a 
chemical engineer, but specific technical knowledge about the 
details of the project should not be assumed. This person is 
busy but may have enough time to read most of the report (but 
not the appendices). Few engineers will sit down and read a 
report from beginning to end! Everyone looks for the answers 
quickly. As soon as these answers are found, a decision is made 
and the reading stops. Sections might be read in the following 
order, for example, until the answers are found: Executive 
Summary, Recommendations, Conclusions, Results, 
Discussion, Introduction. Different readers will read the 
sections in different orders. Therefore, special care must be 
taken to put the information in the correct sections. This is part 
of the reason why repeating important conclusions in several 
places in the report (letter of transmittal, abstract, conclusions) 
is a good idea. 


3. The engineer who must use the design. This chemical engineer 
needs to find details of how calculations were done and how 
decisions were reached. The appendices are of special interest 
to this reader. However, time is of the essence. This reader 
wants to be able to go immediately to that page or two in the 
appendices that deals with a specific detail. Without good 
organization and a good table of contents for the appendices, 
this is impossible. If this reader cannot find the right 
information, the effort to perform the design has been wasted. 


4. Others. Many others will read the report: mechanical 
engineers, chemists, environmental activists. These people 
should also be considered. 


What can be done to see if a report meets the needs 
of these readers? Someone who did not author the 
report can be asked to read it, pretending to be one of 
these readers. A friend, a roommate, or a fellow 
student might qualify. If they cannot understand what 
is being said, there is a problem. It is important to 
remember, if the reader does not find what he or she is 
looking for or cannot understand the desired meaning, 
it really does not matter whether or not the 
information is in the report somewhere or whether the 
results are of high quality. It must be remembered that 
reports written at the last minute will be obvious to an 
experienced reader. A report with typographical errors, 
misspelled words, grammar faults, or confusing 
phrasing is insulting to the reader. That is not the 
impression that anyone wants to leave with their 
clients, supervisors, or fellow engineers. 


29.3 ORAL COMMUNICATION 


Public speaking can be scary at first, but oral communication is 
crucial in engineering design activities. When done well, it 
communicates information faster than can the written word, 
and it allows for immediate communication from the audience 
to the speaker and between members of the audience. Thus, oral 
presentations (with questions) provide for a type of feedback 
control on the communication process, whereas written 
communications are closer to feed-forward control. 

The key to effective oral communication is, as it is for 
written communication, audience analysis. Include visuals that 
focus the audience attention on the areas of the project analysis 
that both you and the audience feel are important. Be sure that 
the audience receives the information required for making the 
right decision, and be sure not to bore the audience. If the 
readers of your report get bored, they may come back to it later. 
If the attention of your listeners starts to drift, the information 
is lost. 

Before the actual presentation, practice is essential. If 
possible, practice in front of real audience members who have 
agreed to give you feedback. Otherwise, recording (audio or 
video) the presentation and critiquing it yourself is a good idea. 
If none of these techniques will work, go to a quiet room and 
give your presentation out loud to yourself. In any case, it is best 
to use the actual computer and projection equipment that will 
be used in the actual presentation. If this is impossible, use hard 
copies of your visuals. 


Successful oral presentation requires a degree of self- 
confidence. To avoid a last-minute problem in this regard, give 


a practice talk far enough in advance that corrections to the talk 
and/or the visuals can be made. If the audience says that you 
need to make major changes, time is needed to be able to 
implement these suggestions. 


Even when speakers are well prepared and self-confident, 
often they are nervous. A variety of techniques can be useful to 
alleviate tension. Here are a few: 


e Prepare notes to which you can refer if you draw a blank on what to say 
next or to be sure that you talk about the key points. The notes should be 
on stiff note cards that will be easy to hold still and that will not distract 
you or the audience. 


e Practice the presentation in front of a group. You are likely to be most 
nervous during the first time that you give a presentation. 


e On the note cards, print in bold letters “RELAX” or something else that 
will be a trigger to help you calm down. 


e Ifyou tend to speak too quickly during presentations, print “SLOW 
DOWN’ on a note card. 


e Even if you never refer to them, note cards can be a kind of security 
blanket that could help you relax. 


e Look at a point just above the heads of your audience. They will think you 
are making good eye contact, but you can avoid really looking at them. 


e Before the start of the presentation, take a deep breath or two to calm 
down. 


e During the presentation, keep focusing on the remainder of the 
presentation. If you have made a mistake (by omitting to say something 
that you wanted to include or by not remembering why you chose the 
reflux ratio that you did), ignore it until the question-and-answer period at 
the end. Reminding yourself and your audience that your presentation was 
less than perfect will make it more so. 


e If questions during your talk make you nervous, start your talk by asking 
that the audience save their questions until the end. 


e Before the talk begins, if possible, go to the room and check it out. Where 
will you stand during the talk? Would you feel more comfortable and in 
control if the projector were moved? (Often it can be.) Do you want the 
lights high or low? By getting used to the environment and making small 
changes to it, you begin to feel more in control. In a classroom or 
conference room, you may be able to move chairs or to keep the front row 
empty, if that would help. 


e Avoid looking at one person in the audience throughout the talk. If that 
person is interested, he or she will show this by facial expressions, and you 
will feel good. However, if suddenly that person loses interest, you may be 
devastated. 


e Do not allow yourself to be in a rush immediately before your talk. Sit 
down, take a short walk, whatever will calm you, but do not get into a 
serious conversation. 


e Do not drink too much coffee or other caffeinated beverages before a talk. 


e Do not wait until the last minute to be sure the computer is working and 
can read your PowerPoint file, the laptop is projecting correctly, and the 
pointer/slide changer is where you want it. 


During the question-and-answer period, you relinquish part of 
your control over the situation. You do not know what will be 
asked, but you must be prepared to answer. Dealing with this 
uncertainty requires additional strategies: 


e Anticipate what the questions will be. Often, especially if you practice the 
talk with an audience, many of the questions become obvious. Prepare 
answers to each of these. 


e Admit when you do not know the answer to the question; never try to 
make it sound like you know the answer when you do not. Also, if you do 
not know the answer, avoid a “data dump,” which is stating everything you 
know about ths subject hoping the answer is in there somewhere. 
However, if you have a partial answer, offer that. You should not leave the 
questioner with the impression that you know nothing about the topic. 


e Thank the audience member for the question, even if you do not know the 
answer. If it is a question that you, too, would like the answer for, tell the 
audience so. If you will be investigating the issue further, let them know 
that. 


e Do not try to answer the question until you are sure that you know what is 
being asked. Ask the questioner for clarification if necessary. 


e Ifyou need time to think about your answer, restate the question. This not 
only gives you a few seconds to think, but it also helps to make sure that 
you are answering the right question. 


29.3.1 Formal Oral Presentations 


When you are talking to a group (sometimes a large group), the 
presentation can be quite formal. You may be introduced, and 
there may be applause after you are finished. In this type of 
presentation especially, it is important that you have a strong 
opening and closing and that you focus on keeping the attention 
of the audience. 

Prepare simple, uncluttered visuals that everyone in the 
room can see. Be sure to see the room before your talk. If the 
large crowd is going to make you nervous, plan to use the 
techniques mentioned earlier to make it feel like a smaller 
audience. 


29.3.2 Briefings 


Briefings are a very common form of oral presentation, in 
which a small group of people (as in a conference room) listen 
to your talk. The size of the audience will mean that audience 
members are more likely to try to pay attention to your talk than 
a very large audience would, but you must directly address their 
needs for information. Again, computer slides are usually used, 
and you should prepare a hard copy set of these in handout 
format for each audience member. Because people more often 
take notes at a briefing than at a formal oral presentation, the 
hard copy will help them to focus on your talk. Also, they may 
find it more helpful to follow your talk by looking at your hard 
copies rather than at the screen. 

Because the audience tends to have a narrow range of 
background, the briefing tends to be more detailed, and the 
question period is usually more extensive. 


29.3.3 Visual Aids 


Most technical presentations are developed around the visuals. 
Start with a title slide and then a slide that gives the big picture, 
usually an outline slide. As with written reports, it is important 
to obtain the guidelines for oral presentations from your 


organization. Some are very prescriptive, others not. 

A rough guideline is that each visual will be used for one 
minute; however, this timing varies greatly. Sketch your visuals 
crudely as you run through what you would like to say. Imagine 
that you are a typical audience member. Would you have 
received the right information? Revise your planned visuals to 
address the gaps or lack of continuity. 


A mixture of text visuals and graphics is usually most 
effective. Tables rarely make good visuals. As you explain the 
meaning of a trend on a graphic visual, your audience is 
absorbing the trend itself. When you present your conclusion, a 
text visual will probably be better. The best way to improve your 
visuals (in fact, your entire presentation) is to reflect on your 
own response to the visuals and presentations of others. What 
kept your attention? What was confusing? What communicated 
the most high-quality information? Again, doing a dry run with 
a friendly audience is a good way to get constructive criticism 
and feedback in a comfortable environment. 


Be prepared to point at the screen to direct the audience 
attention. Before the presentation, the pointer should not only 
be located, but also tested by the presenter. You must avoid 
moving the pointer either so fast or so erratically that the 
audience is distracted. If the presenter is too nervous, it will be 
difficult to use any pointer without erratic movement. If this is 
the case, both hands should be used to steady the pointer. If all 
else fails, the presenter should find a way to avoid using the 
pointer. In any case, avoid moving the pointer except when it is 
in use. The audience will always try to follow a moving pointer. 

Right-handed people should always try to position 
themselves so that the screen is to their right as they face the 
audience. Left-handed people should always try to position 
themselves so that the screen is to their left as they face the 
audience. This orientation makes it more comfortable to 
maintain eye contact with the audience when pointing to the 
screen. However, in some presentation venues, this may not be 
possible. 

Slides and videos can be used for the visual aids. Each has its 
own advantages, and all options should be considered before 
deciding how best to present the material. However, there are 
two common traps to avoid. You must be prepared with a 
strategy for continuing if the equipment malfunctions; this can 
occur due to equipment failure or incompatibility between a 
laptop and the projection equipment. 

There are many guidelines concerning the size of lettering 
and the density of information to use on visuals. However, the 
best strategy is to imagine what the audience response would 
be. 


No visual should ever be used in a presentation unless 
it has been previewed with similar equipment, in a 
similar room, from the most remote position that an 


| audience member can be located. | 


29.3.4 WVU and Auburn University Oral Presentation Guidelines 


The following guidelines are adapted from those 
originally written by the chemical engineering faculty 
at West Virginia University and those currently used at 
Auburn University. They are available at 
http://cbe.statler.wvu.edu/undergraduate/projects. 
They may be reproduced for use in engineering courses 
with appropriate attribution to the Web site. When 
presenting an oral report it is important to realize that 
the audience cannot digest material in the same way as 
they can when reading a report. There will be no time 
for them to reread a sentence or paragraph, or to study 
a table or figure. Therefore, it is incumbent upon the 
speaker to emphasize the important points. The 
recommendations that follow, though written for any 
type of oral presentation, are written within the context 
of a design presentation. 


All oral presentations are organized as follows: 


1. Tell the audience what you are going to tell them. 
2. Make your presentation. 


3. Remind the audience what you told them. 


With this in mind, here is one way to organize an oral 
presentation. 


Title Slide 


The report and the presenters should be identified on a 
slide. 


Outline 


When telling the audience what they are going to be 
told, use of a visual aid is important for reinforcement. 
This is usually an outline of the report. It is not 
sufficient to list the structure of the report, that is, 
introduction, results, discussion, conclusion. A few 
words abstracting the contents of each section should 
be included. Note: This visual should be titled 
“Outline,” not “Agenda.” 

Early in the talk, the project, flowsheet, etc., should 
be described in general, before the details are given. 
Also, early in the talk, the “bottom-line” conclusion 
should be mentioned. 


Results 


This follows the outline of the Results section of a 
written report described in the document titled 


Written Design Reports. However, there are a few 
important points to remember. First, a detailed stream 
flow table will not be easily seen or understood by the 
audience. Second, what is effectively communicated in 
a table in a written report might be best communicated 
orally using a graph or pie chart. Complex tables and 
figures with small print should be avoided. These can 
neither be seen in the back of the room nor digested by 
anyone. 

All of the rules on figures and tables in the 
document entitled Written Design Reports extend to 
oral presentations. 


Discussion 


Once again, the content is similar to that described in 
the written report section. The only difference is how 
information is communicated. 


Conclusions 


Here the audience is reminded of what they were told, 
usually as a list or outline. It is important always to 
remember the bottom line! 


Recommendations 
This is self-explanatory. If this section and the 


conclusion section are both short, they can be 
combined. 


Other Important Points When Making an Oral 
Presentation 


PowerPoint Slide Show 


Background templates, animation, and/or special 
effects should only be used when they enhance the 
presentation.. These types of effects can be very 
distracting and should be used sparingly and only if 
they add to the effectiveness of the presentation. A 
simple, color background template is recommended. 
The background template should be removed or 
covered when showing large figures, particularly PFDs; 
such figures should be presented with a white 
background. Finally, it is also recommended that the 
font size be set differently on each slide so that the 
slide appears full. 


Content of Visuals 


Do not put too much on a visual. A detailed table may 
not be readable in the back row. When making a visual, 
put yourself in the audience and ask yourself whether 


you could learn anything from it if you saw it only for 
30 seconds or a minute. Short, concise statements of a 
few words on the visual, with the speaker providing a 
more detailed explanation, are sufficient to convey 
your points. Use colors effectively, but do not go 
overboard. Test all of your visual aids in the 
presentation room or in a room of similar size and 
shape to be sure that all information on your visuals is 
clearly readable. Different computers and different 
projectors show the colors differently, and the colors 
displayed by most projectors differ from those on the 
computer screen. 

The format and rules for presenting figures, tables 
(use sparingly if at all in oral presentation), equations, 
etc., are identical to those in the document Written 
Design Reports. 

Colors in visuals can be a useful tool. However, 
colors should be used wisely and effectively. Typically, 
this means no more than four, as a general rule. Also, 
try to be consistent in the use of colors; if you use red 
for the fixed cost of the heat exchangers and blue for 
the fixed cost of distillation columns, then use the same 
colors for operating costs for the same equipment. 


Presentation Mechanics 


Always face the audience. If you have to look at the 
screen, take a quick glance and then turn back to the 
audience. You should position yourself not to block the 
view of a portion of the audience. 


Avoid the following nervous habits: chewing gum, 
playing with the pointer or something in your pocket, 
rocking from side to side, or giggling. Approach the 
oral report with confidence and a firm belief in your 
abilities and your work. 


Never read text visuals word for word, line by line. 
Visuals should be brief. Your job as a speaker is to 
amplify the content of the visuals. 


Voice 


Speak clearly, enunciate carefully, avoid audible 
pauses, and project your voice. Speaking softly usually 
implies to the audience that you are unsure of yourself; 
probing questions will generally follow. 


Be Calm 


You are in control, not the audience. Beforehand, 
arrange the room in whatever pattern makes you feel 
most comfortable. Do you want to point with your left 
hand or your right? Do you want the shades open or 
the lights out? Then, do not make last-minute changes 


in your presentation. Immediately before your 
presentation, take a few deep breaths and yawn. (This 
is easier to do if you are not in the presentation room.) 
If you do not want to be interrupted with questions 
during the presentation, tell the audience so. And, if 
they still interrupt, politely tell them that you will be 
answering that question later. Assume that everything 
is going to go well. 


Notes 


To use or not to use? Do whatever will make you most 
comfortable and in control. If you read entirely from a 
script, no one will believe that you know what is going 
on. But no one can remember every detail without 
notes. When you practice your presentation, try it with 
and without hand-held notes, if you are not sure which 
is better. As a novice, you might find that hand-held 
notes bolster your confidence; however, with practice, 
you should wean yourself from using notes. Eventually, 
you will be able to use the content of the visual as your 
notes. 


Audience Analysis (“Know Your Audience”) 


Just as with a written report, think about the different 
backgrounds and needs of your audience. Will they get 
the right message and make the right decisions? 


Question and Answer 


Admit it when you do not know the answer. Most 
people ask a question only because they do not know 
the answer, either. Try to be responsive, not evasive. 
And prepare for Q & A by imagining the questions that 
will be asked. 


Postmortem 


After the presentation, go with your colleagues to a 
less-tense room and get feedback immediately. Ask 
your colleagues what you could have done better. If 
they tell you that you were perfect, tell them that they 
are not being very helpful. Demand criticism! This is 
the best time to find out what you did right and what 
you did wrong. If you wait more than about an hour, 
the feedback will not be detailed enough to help you. 


29.4 SOFTWARE AND AUTHOR 
RESPONSIBILITY 


Word processing, spreadsheet, and graphics software can help 


an author produce a better final report, but each software 
package has limitations. It is the author’s responsibility to 
understand these limitations and to overcome them. Some of 
these software problems are the results of programming errors, 
some arise from misunderstandings by the software developers 
of the rules of writing, and some represent differences between 
technical writing and other forms of written communication. 

Above all, though, writers should save their files frequently 
and make backup copies. 


29.4.1 Spell Checkers 


Misspellings have always been unacceptable in formal written 
work. Readers generally have a lower opinion of the ideas 
expressed when the prose contains misspelled words. Since all 
word processors have spell checkers, spelling errors have come 
even more to indicate sloppiness, lack of proofreading, last- 
minute preparation, and/or lack of respect for the audience. 

Clearly, a report that has not been subjected to a spell 
checker should not be submitted. However, no spell checker is 
perfect. More importantly, they can only check whether the 
“word” in question is a true word, not whether it is the word 
that the author intended. If “to” is written when “too” is meant 
(or “preform” instead of “perform”), the spell checker will not 
correct it. 


All spell checkers allow the author to add words to the 
dictionary. Many technical terms are not in the standard 
software dictionaries, so it is tempting to put in many words 
common to the author’s subject. However, this is a risky 
business. If a misspelled word is added to the user dictionary, 
nearly all of the author’s reports will have that misspelling, 
without the author having a clue! Also, it is usually far more 
difficult to remove a user-supplied word from the dictionary 
than it is to add one. 

Most spell checkers automatically suggest another word 
when they detect a misspelling. If the suggestion is accepted too 
quickly, rather strange prose may arise. 


29.4.2 Thesaurus 


In most writing courses, students are warned not to misuse a 
thesaurus. It is tempting to use a new word, one that sounds 
more sophisticated. However, the connotation may be incorrect. 
The probability that the new word can be substituted directly 
(without a modification of meaning) is low. The thesaurus is 
designed to be used to be a reminder of a similar word. If the 
thesaurus suggests a word that is unfamiliar, it should not be 
used. Many satirical papers have been written about the blind 
use of a thesaurus. 


29.4.3 Grammar Checkers 


Grammar checkers continue to improve, but most are based on 
simple rules that apply imperfectly to technical communication. 
For example, the use of the passive voice is frowned upon in 


much nontechnical writing, but it can be the more appropriate 
voice in a technical report. The passive voice places emphasis on 
the object receiving the action rather than on the subject taking 
the action. Although the passive voice is often overused in 
technical writing, it does have its place. 

Crude distinctions are often made by spell checkers. For 
example, some will flag each instance of “affect” and ask if the 
author meant “effect” (or vice versa). This can be tiresome, but 
it is important to understand the significant difference between 
these words. 

Especially in long sentences, grammar checkers tend to 
become confused and flag correctly written passive 
constructions and subject/verb agreement. An example is a 
singular subject followed by a prepositional phrase with a plural 
noun. (Example: The array of tubes are ...,” which is incorrect, 
since “array” is the subject of the sentence and is a singular 
noun.) Many times, a spell checker will flag a singular verb 
because it is immediately following a plural noun (In this 
example, the spell checker may flag the correct usage of “The 
array of tubes is ....”) It is important not to accept the suggested 
changes too quickly. 


Various readability indices are included in word-processing 
software. These are crude measures of the ease with which a 
reader can read and understand a document. A document with a 
good readability index could be totally incomprehensible, and 
one with a poor index might be quite good. It is recommended 
not to rely too heavily on these indices. However, they do focus 
on elements of good writing, such as short paragraphs, short 
sentences, short words, and straightforward grammatical 
constructions. Thus, the readability numbers can be watched for 
sudden shifts to longer words, sentences, and paragraphs. If the 
same information can be conveyed in a simpler format, it is 
likely to be more helpful to the reader. 


29.4.4 Graphs 


For much graphing software, the default graph type is not the 
common x-y plot, even though these are by far the most 
common in technical communication. If the independent 
variable (on the abscissa or horizontal axis) is numerical and 
continuous, this type of graph must be used. Bar charts and 
histograms are used only for nonnumerical or (sometimes) 
discrete variables. Unfortunately, there is a type of graph that 
looks vaguely like an x-y plot but is more like a bar graph. It is 
called a line chart. The line chart has evenly spaced tick marks 
on the abscissa, but the numerical values at the ticks are not 
even intervals! Such a graph is very misleading and must be 
avoided in technical work. 

Most graphing software will automatically choose the scale 
and range for both axes. Unfortunately, this is usually not 
acceptable. For example, it is common practice to use even 
numbers when both odd and even are not shown and to use 


numbers ending in 5 or o in preference to others. These 
conventions make it much easier for the reader. Also, there are 
often constraints (such as o0—100%), and it is sometimes useful 
to extend axes far beyond the last data point. For example, ina 
series of graphs, the same scale should be used on each to allow 
comparisons. Typical graphing software will do almost none of 
the above automatically. The best strategy is to use user- 
specified scales on all graphs. 

Many plotting programs do not use the same number of 
decimal places for numbers, for example, 0, 0.5, 1, 1.5, etc. All 
numbers on axes should have the same number of decimal 
places. 

The lettering of the various parts of the graph should be 
clean and simple, and the more important parts should be in 
larger font size. This is rarely done automatically. The 
convention is to put the title of a figure (such as a graph) below 
the figure, although when the graph is presented by itself (as on 
a slide), the title may appear at the top. Titles should be 
properly capitalized: the initial letter of each word (except 
articles, prepositions, and conjunctions) should be capitalized. 
All other letters should be lowercase. 


Strangely, some graphical software automatically inserts a 
legend on graphs. Unless there are multiple variables plotted, 
this should not be done. In any case, a direct label near the 
curve is more effective. Default legends such as “Series 1” that 
are distracting and offer no information should be avoided. 

Default headers and footers on graphs are seldom 
appropriate. The default to number the pages consecutively in 
the report must be overridden and to avoid double titles, 
multiple pages labeled “Page 1” should be removed. 

Most software connects plotted points with line segments 
(or splines) by default. This is often not appropriate. For 
example, if the points represent experimental data, only the 
points should be shown. Curves are used when plotting 
equations. Also, the joining of points obtained from process 
simulation on such a graph can obscure the maximum, 
minimum, and the shifts from one topology to another. More 
about these details is given in Chapter 14. 


29.4.5 Tables 


In some word processing and spreadsheet software, the default 
for numbers in table cells is centered. If this is the case, the 
default must be overridden and the numbers lined up in a 
column by their decimal points. Only then can the readers easily 
compare the numbers or sum them. Also, the default format 
may be to include too many significant digits. Only those digits 
that are, in fact, significant should be included. Otherwise, 
either the readers will be misled about the precision of the 
numbers, or they will discount the results if they realize that you 
have exaggerated their precision. 


When numbers have four or more digits to the left of the 


decimal point, they must have commas to help the reader to see 
quickly the thousands, millions, and so on, places. Only if the 
numbers are too cumbersome should powers-of-10 notation be 
used. When it is used, so-called engineering notation is 
preferred to scientific notation. In engineering notation, the 
power of 10 is always divisible by 3 (analogous to the commas 
mentioned above). In a column of numbers that all refer to the 
same kind of property, the format should be the same for each 
entry. 


29.4.6 Colors and Exotic Features 


Most software will allow multiple colors, fonts, and other 
features. Although their use may be tempting, too many 
changes can be distracting to the readers and cause sensory 
overload. On slides, only as many colors as will clarify the 
results should be used. Most members of the audience will not 
be able to distinguish between subtle shades in the time 
available; distinctions should be made with bold contrasts. 
However, it is suggested not to rely on color alone; almost any 
report will be copied in black and white! Different line styles 
(solid, dotted, dashed) can be used. If the distinctions are not 
clear when the graphics are reproduced in black and white or 
grayscale, there is a problem. 


Reports in which dozens of fonts are used are distracting. 
Whenever the readers have any trouble focusing on the content, 
they tend to focus on the variations in font size or type. Thus, a 
few font changes might be used to focus attention, but the 
report should not appear to use every available font. Also, the 
more exotic the font, the less likely it is that the file will be 
compatible with other word processors. Additionally, when 
compiling team reports, the final editor should ensure that the 
fonts are uniform and that the paragraph formatting (line 
spacing, justification) is consistent. 

A serious problem is the improper use of “3-D” figures. If a 
graph is a plot of a dependent variable versus one independent 
variable, the graph is only a two-dimensional representation. 
Any attempt to make it “faux 3-D” will make it less readable and 
more confusing. Features such as giving a pie chart a constant 
thickness or the bars of a bar chart constant depth make the 
chart less useful in conveying data. Such gimmicks are viewed 
as such in technical reporting. The same can be said of 
“shadowing” of two-dimensional figures. 


When a graph is truly three-dimensional (two independent 
variables and one dependent variable), care is required to use a 
perspective that allows the reader to determine easily the height 
(the dependent axis) at various points. The most useful such 
perspective is the “isometric” perspective, which involves 
rotating the straight-on coordinate system by 45° and then 
tilting it up in back by 30°. In this perspective, the distances 
perpendicular to the axes are not distorted. 


29.4.7 Raw Output from Process Simulators 


Process simulation software typically produces a flowsheet, but 
this is probably not a true process flow diagram and should not 
be used as one in a report. There are two reasons for this. First, 
the simulator-produced flowsheet is unlikely to follow all the 
conventions of PFDs given in Chapter 1 regarding equipment 
symbols, line crosses, labels, and so on. Second, the process 
simulated is not the true process. One “unit” in the process 
simulator (such as a distillation column) may be several pieces 
of equipment (tower, condenser, condensate tank, etc.) that 
need to be shown on a PFD. It is sometimes useful to simulate a 
single unit (such as a process-process heat exchanger) as two 
units to decouple the recycle calculations. Some units, such as a 
storage tank, require no calculations in the process simulator 
and thus are not shown on its flowsheet. A process simulator 
also assigns equipment numbers to valves, mixing points, and 
splitting points, but these are not numbered on PFDs. However, 
the simulator flowsheet is essential in the appendix of the report 
if the simulator “report” is included. Care should be taken to use 
the same stream numbers in the simulation flowsheet as in the 
PFD whenever possible. 

The report from a process simulator should be included in 
the appendix, but it serves neither as the main PFD nor as the 
main flow table. These reports are formatted for use by the user 
of the software, not by the reader of a report. Therefore, they 
should be considered as are the calculations in the appendix. 
They are referred to by the engineers who need to know the 
details, but they are not of interest to other readers of the 
report. 


29.5 SUMMARY 


Effective written and oral communication is crucial to the 
success of chemical engineering projects and to the success of 
chemical engineers. The keys to effective technical 
communication are performing an audience analysis, following 
the format of the organization, and obtaining and acting on 
feedback from colleagues. 


WHAT YOU SHOULD HAVE LEARNED 
There is no single, correct format for a written report. 


If your company or academic department has a prescribed format, it 
should be followed. 


Written reports should be written with correct grammar, be correctly 
punctuated, and be appropriately organized; figures and tables should 
be neat and legible. 


Oral presentations should be appropriate for the audience, and an oral 
presentation on the same subject may be presented differently to 
different audiences. 


Visual aids are meant to enhance the presentation; they are not to be 
read, word for word, during the presentation. 
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PROBLEMS 


1. Obtain the written report guidelines used in your 
department for laboratory reports. Compare them to those 
in Section 29.2.8 and explain the differences. 


2. Exchange a report you have written for one by a classmate. 
Spend three minutes skimming the report, and write down 
answers to the following three questions: 


1. Why was the report written? 
2. What is the author’s key conclusion or recommendation? 
3. What would you do, based on the report? 


Then discuss your answers to these questions with each 
other. 


3. Obtain the written report guidelines from a firm that 
employs engineers. Compare them with those in Section 
29.2.8 and explain the differences. 


4. Ask a chemical engineering student who has not yet taken 
design to read a report you have written and to point out the 
difficult passages. Rewrite the report so that it satisfies those 
concerns. 


5. After giving an oral presentation, perform a postmortem 
analysis with a couple of members of the audience. 


6. Write a short (one-paragraph) audience analysis for a design 
report in your design course. 


7. Choose a graphing, drawing, or spreadsheet software 
package. Investigate the features of the package and make a 
list of those features that can lead to poor visual aids. 


8. Run a grammar checker and spell checker on one of your 
reports. Accept every change suggested and then reread the 
report. What do you conclude? 


Chapter 30: A Report-Writing Case 
Study 


The purpose of this chapter is to illustrate some of the 
principles of report writing presented in Chapter 29. In order to 
accomplish this, a written report is presented for a project that a 
junior engineer might be given in the first several years of 
employment. This chapter is split into several sections. Each 
section addresses some of the common errors that are made in 
report writing. Examples of poor and improved cover 
memoranda, poor and improved graphics, and poor and 
improved writing styles are given. A checklist of common errors 
is also included. Finally, an example is presented of a improved 
written report that illustrates many of the principles outlined in 
this chapter and Chapter 29. 

It should be noted that the figures and tables concerning the 
toluene hydrodealkylation problem are presented to illustrate 
examples of strong and weak graphics and to highlight common 
mistakes. The absolute values shown for equipment and 
operating costs are not necessarily accurate. 


30.1 THE ASSIGNMENT MEMORANDUM 


The assignment memorandum for the project considered in this 
chapter is shown in Figure 30.1. 


MEMORANDUM 
TO: Lee Madera, Junior Process Engineer 
FROM: Chris Stafford, Senior Process Engineer 
RE: Benzene Production 
DATE: September 12, 2018 
COPIES: R. T. Hemrick, Principal Process Engineer 


M. R. Johnson, VP Engineering 
S. E. Kelley, VP Project Engineering 
W. C. Lin, VP Sales 


ATTACHMENTS: Preliminary design of benzene process 


Currently, the prices of benzene and toluene are such that the production of benzene from toluene 
via the catalytic hydrodealkylation of toluene is not profitable. However, the price of benzene over 
the past 15 years has fluctuated wildly (from a low of $0.21/kg to nearly $0.67/kg). Our company is 
interested in carrying out a feasibility study to determine the minimum price differential between 
benzene and toluene that will allow the toluene hydrodealkylation process to be profitable. It is rec- 
ognized that currently the preferred method of producing benzene from toluene is via the dispro- 
portionation reaction to yield both benzene and xylenes. However, at present our company has no 
use for the xylene and would prefer to make just benzene. 

With this in mind, your assignment is to determine the process that will minimize the price 
differential between toluene and benzene required to yield an NPV= 0. This design represents a 
discounted break-even analysis of the process and will be used as an internal benchmark for com- 
paring competing alternatives to produce benzene. In your analysis, you should use the following 
economic parameters: 


(i) Internal after-tax hurdle rate of 10%, and a taxation rate of 35% 
(ii) MACRS depreciation over 6 years for all fixed capital investment 
(iii) A project life of 15 years 
(iv) A production rate of 68,000 tonne/y of 99.5 wt% pure benzene 


The attached preliminary design for a toluene HDA process should be used as a starting point 
(base case) for your study. 

Submit your findings as a short report, not exceeding 8 pages of double-spaced text, plus 
any tables and figures. Put the details of all your calculations, a PFD, flow table, and so on, ina 
clearly indexed appendix. 

This report is due on September 26, 2018, and will be read by several managers as well as 
other technical and sales executives. You will also present your major findings in a 15-minute oral 
presentation on September 27, 2018. 


Figure 30.1 Example of a Good Assignment Memorandum 


This is a good assignment memorandum because it 
communicates to the junior engineer in a concise manner what 
to do, why to do it, when to have it completed, and who else is 
involved or interested in the project. Everything is stated 
clearly; nothing is left for interpretation. 

Because the memo indicates who is being copied on the 
memo, the junior engineer knows all of those involved in the 
loop. The engineer also knows for whom the final report will be 
prepared. An essential step in preparing a report is knowing the 
audience. 

Because the memo indicates that there are attachments to 
the memorandum, the recipient of the memo knows whether 
the document is complete. 


The first paragraph provides perspective on the problem 
(why it is assigned). This is essential for the junior engineer to 
make rational decisions during the assignment. 

The second and third paragraphs clearly outline what is to 
be done, what the constraints are, and what the deliverables are. 
If this section was not clear, the junior engineer would either 
have to guess about the constraints or the specifics of the 
assignment or have to go back to the senior engineer and ask. If 
the senior engineer was unavailable to answer questions, this 
might delay the project. In any case, time would be wasted. 

The final paragraph states when the assignment is due and 
when the presentation will be made. 


30.2 RESPONSE MEMORANDUM 


An example of a poor response memorandum is given in Figure 
30.2. An example of an improved response memorandum is 
given in Figure 30.3. 


MEMORANDUM 
TO: Chris Stafford, Senior Process Engineer 
FROM: Lee Madera, Junior Process Engineer 
RE: Benzene Production 
DATE: September 26, 2018 
COPIES: R. T. Hemrick, Principal Process Engineer 


M.R. Johnson, VP Engineering 
ATTACHMENTS: The Benzene Report 


In response to your memorandum, the attached report details the results of my study on the produc- 
tion of benzene via the catalytic hydrodealkylation of toluene. This process is based on the produc- 
tion of 68,000 tonne/y of 99.5 wt% benzene. A summary of all the major equipment and 

operating costs along with other pertinent economic and process information is provided in the report. 


Figure 30.2 Example of a Poor Response Memorandum 


MEMORANDUM 


TO: Chris Stafford, Senior Process Engineer 
FROM: Lee Madera, Junior Process Engineer 
RE: Benzene Production 

DATE: September 26, 2018 

COPIES: R. T. Hemrick, Principal Process Engineer 


M. R. Johnson, VP Engineering 
S. E. Kelly, VP Project Engineering 
W. C. Lin, VP Sales 


ATTACHMENTS: Report titled: “Evaluation of the Minimum Break-even Price Differential for 
Benzene and Toluene” 


In response to your memorandum of September 12, 2018, regarding the benzene production 
process, the attached report details the results of my study on the production of 68,000 tonne/yr of 
99.5 wt% benzene via the catalytic hydrodealkylation of toluene. This process yields a discounted 
break-even cost differential between benzene and toluene of $0.153/kg, $0.034/kg less than for the 
base case. At the current market price for benzene of $0.27/kg, the price of toluene would have to 
drop nearly 50% (from the current value of $0.23/kg to $0.117/kg). The fixed capital investment for 
this project is $5.14 million, and the annual manufacturing costs are $25.42 million/yr. A summary 
of all the major equipment and operating costs along with other pertinent economic and process in- 
formation is provided in the report. 

If you have any questions regarding this report prior to my presentation on Friday, September 
27,2018, please feel free to contact me at extension 999. 


Figure 30.3 Example of an Improved Response 
Memorandum 


In order to explain the difference between the improved and 
poor response memos, it is necessary to understand who reads 
different portions of reports. A secretary reads only the cover 
memorandum subject in order to determine where to file the 
report. The senior process engineer, the person who gave you 
the assignment, may read the entire report. The principal 
process engineer reads the entire report only if the results are 
interesting or controversial. The vice presidents will probably 
not read the entire report. For those who do not read the entire 
report or who need to decide whether to read the report, the 
information provided in the cover memorandum is essential. 

At any time, there will be many reports circulating within a 
company. Occasionally, a report may become detached from its 
cover memorandum. If the attachment is listed as The Benzene 
Report, the cover memorandum may never be matched with the 
correct report if they become separated. If your company makes 
benzene, there will probably be many “benzene reports” 
circulating at one time. Therefore, the complete title should be 
included on the cover memorandum. 

On the “poor” memorandum, report copies are sent to only 
two individuals. The assignment memorandum was copied to 
four individuals. Copies of the final product should always be 
provided to everyone in the loop based on the original 
memorandum. 

The key problem with the poor memorandum is that it 
basically states, “Here it is” and nothing else. The poor 
memorandum provides no information to allow any of the 
people who receive the report to determine rapidly what the 
conclusions were or to decide whether they want to read the 
entire report. Suppose that the conclusion is that if the company 
invested $100,000 in a process modification, the break-even 
purchase price of toluene would rise to $0.25/kg. It is essential 
that everyone in the loop know that piece of information 
immediately. Therefore, a cover memorandum must summarize 
the key conclusions. What was found, how much it will cost up 


front (capital cost, if applicable), and what the profitability is 
(NPV, DCFROR, raw material purchase price) must be stated. 
In a short report, which is likely to be the rule in industry, the 
cover memorandum takes the place of an abstract. Therefore, it 
is imperative to include key results in the cover memorandum. 


30.3 VISUAL AIDS 


Figures 30.4 through 30.9 show examples of poor and improved 
pie charts, tables, and plots. Major points of criticism are shown 
on the “poor” figures (Figures 30.4, 30.6, and 30.8) in script 
font, and these errors have been remedied in the corresponding 
“improved” figures (Figures 30.5, 30.7, and 30.9). Not all the 
common errors can be shown on these figures, and a 
comprehensive checklist for figures, tables, and written text is 
included in Section 30.5. 


Reactor 


Avoid placing pie titles in pie 


Arrange titles symmetrically 


“| Vessels 


Compressor 


No reason to split pie piece 


Exchangers Tower 
Pumps 


Use a more descriptive title Capital 


Avoid placing titles too close together. ——————__________. 
Equipment 


E ectricity, 
Cooling Water 
Fuel Gas 
Toluene Steam 


Hydrogen 


No mention of total size of pie, i.e., total 
EAOC = $23.927 million EAOC 


Use same size fonts for titles —— Figure X: Breakdown of Costs of Base Case 


Figure 30.4 Some Common Mistakes Made in Pie Chart 
Presentations 


—_———__ Fired Heater 
ON 


EX 


Reactor 


Vessels 


Compressor 


Exchangers 


Pum 
r Total FCI = $5.53 million 


Fixed Capital Investment 


Equipment 


Toluene 


$ } 
~~ Hydrogen 


Total EAOC = $23.927 million/y 


Equivalent Annual Operating Cost 


Figure X: Breakdown of Costs for Base Case 


Figure 30.5 Corrected Version of the Pie Chart Shown in 
Figure 30.4 


Use a more descriptive title for table caption 
Table X: Front-End Heat Integration 


Must define the units of numbers 
Line up all figures by decimal point — 


EAOC with 

Cost Item EAOC Base Case Heat Integration 

Toluene $ 19.973 $ 19.973 
[Equipment | somn | som ç 
[ coinwe | | $ 007s | soa —— 
[Electricity | | $ 00% | 3 oo + 
[Steam | § ope —<——S—~SsCw 
| FuelGas |S oses TS 0S 
[Tel | | $2372 | $s) 


Fuel Gas (Credit) ($ 3.150) ($_3.150) 


Break-even price of benzene with heat integration 
= $0.384/ kg (toluene = $0.23 /kg) 


Price Differential = (0.384 - 0.230) = $0.154/kg 


Define what costs are included in this evaluation 


t Be consistent with number of decimal places Always check that columns add to the correct totals 


Figure 30.6 Some Common Mistakes Made in Table 
Presentations 


Table X: Economic Impact of Front-End Heat Integration 
on Process Economics (all EAOC cost figures in millions) 


EAOC with 
Cost Item EAOC Base Case Heat Integration 


$0075 $ 0.023 
$ 0.038 $ 0.038 
$19973 $1973 


Hydrogen 


$ 1.605 


$1605 | 
| sd 
Fuel gas (credit) ($ 3.150) 


Break-even price of benzene with heat integration 
= $0.384/kg (toluene = $0.23/kg) 
Break-even costs include utilities, raw materials, maintenance, 
labor, fixed capital investment, etc. 


Price Differential = (0.384 — 0.230) = $0.154/kg 


Figure 30.7 An Improved Version of the Table Shown in 


Figure 30.6 
Caption should not simply repeat axes 
Caption should more accurately describe 
what the figure illustrates m] 
bottom fesse | ————_ Figure Y: EAOC vs R/R pin for HDA 
Process 
480 
470 
More data points 
required to locate the 460 
minimum 


What is included in this 
number? 420 
EAOC 
410 
What are units of =m] 
EAOC? 400 
390 
380 
370 
Nonlinear axis 1.01 1.5 1.69 2.01 
impossible to interpret ! J 
correctly R/Rmin 


Information about the conditions 
used in the simulation is missing 


Figure 30.8 Some Common Mistakes Made in Graphical 
Presentations 
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Figure Y: The Effect of Reflux Ratio on Profitability of Hydrodealkylation Process 


Figure 30.9 Corrected Version of the Graph Shown in Figure 
30.8 


30.4 EXAMPLE REPORTS 


Two examples of student reports follow. Section 30.4.1 contains 
an example of a portion of a student report with suggestions for 
improvement. Section 30.4.2 contains an example of an 
improved report. 


30.4.1 An Example of a Portion of a Student Written Report 


1. Introduction 


The purpose of this report is to establish the minimum break- 
even price differential between benzene and toluene for the 
production of benzene using the catalytic hydrodealkylation of 
toluene. In this process, toluene is converted to benzene over a 
solid catalyst via the following reaction: 


C7 Hg + Hp > Cs Hs + CH4 


This reaction is normally carried out at temperatures in the 
range of 580°C—660°C and at pressures of 35—70 bar. With the 
development of new catalysts, lower operating pressures, down 
to 25 bar, may be possible and I assumed this was feasible in 
this analysis. In the base-case process provided, the reactor 
consisted of a single-stage adiabatic packed bed of catalyst into 
which a small stream of recycle gas was fed for temperature 
control. Over the range of conditions considered here, there are 
essentially no side reactions. 


2. Base-Case Evaluation 


The first step was the analysis of the base case provided. The 
PFD for this base case is shown in Figure 1. According to the 
base-case report, the reactor inlet conditions of 600°C and 25 
bar have been established to be close to the optimum. As a 
result, these parameters were not varied in the present study. A 
summary of the fixed capital investments, operating costs, and 


the break-even price differential for the base case is given in 


Table 1 and Figure 1. In order to compare all the costs, I set up 


an Excel spreadsheet and the data for the base case was input 
into the program. These numbers are presented as equivalent 


annual operating costs by amortizing the one-time capital 
investments over the life of the project using a 10% discount 
rate. The break-even price of benzene for this base case is 
$0.417/kg eomparedtotheeostoftolueneef $0.23/kg. This 
yields a break-even cost differential of $0.187/kg. The details of 
the break-even analysis are given in the appendix. The cost of 
manufacturing was estimated from the following equation: 


COM, = 0.180 * FCI + 2.73 x Coz +1.23 (1) 
* (Cur + Crm) 


TK-101 P-101AB E-101 H-101 R-101 C-101AB E-102 V-101 V-103 E-103 E-106 T-101 E-104 V-102 P-102A/B E-105 
Toluene Toluene Feed Feed Reactor Recycle Reactor H.P LP Tower Benz. Benz. Benz. Reflux Reflux Product 
Storage Pump Preheat. Heater Gas Effluent Phase Phase Feed Reboiler Tower Conden. Drum Pumps Cooler 
Tank Compressor Cooler Separator Separator Heater 
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Fuel Gas 
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Figure 1 Skeleton Process Flow Diagram (PFD) for the 
Production of Benzene via the Hydrodealkylation of Toluene 


Table 1 Cost Summary for the Base-Case Evaluation 
of Toluene HDA Process (All fixed capital and EAOC 
cost figures are given in millions.) 


Equipment % of Total Fixed 
Type Fixed Capital Investment Costs 

Fired heater $ 1.795 32 

Reactor $ 1.447 26 

Exchangers $ 0.695 13 

Pumps $ 0.579 11 

Tower $ 0.497 9 

Compressor $ 0.289 5 

Vessels $ 0.232 4 

Total $ 5.534 100 


Equivalent Annual Operating % of Total 


Cost Item Cost (EAOC) EAOC 
Equipment $ 0.727 3.0 
Steam $ 0.943 3.9 
Fuel gas $ 0.566 2.4 
Cooling $ 0.075 0.3 
water 

Electricity $ 0.038 0.2 


Toluene $19.973 83.5 


| Hydrogen $ 1.605 6.7 | 


| Total $23.927 100.0 | 
Fuel gas 
(credit) ($ 3.150) 


Break-even price of benzene = $0.417/kg (for toluene at 


$0.23/kg) 
Break-even costs include utilities, raw materials, maintenance, labor, fixed 


capital investment, and so on. 


Price Differential = (0.417 - 0.230) = $0.187/kg 


where FCI = fixed capital investment, Coz = cost of operating 
labor, Cyr = cost of utilities, and Cry = cost of raw materials. 
From Table 1, it is evident that the major costs will be 
associated with the purchase of toluene and hydrogen. The 
overall conversion of toluene in the base case will be 99.3%. 
Potential savings in toluene cost of approximately $140,000/yr 
may be realized. This savings would have a minor impact on the 
differential break-even price of benzene (approx. $0.003/kg), 
therefore, the overall conversion of toluene is not considered a 
variable in the cases studied here. However, the hydrogen cost 


can be reduced significantly if a suitable separation technique 
can be found to purify the recycle gas, Streams 5 and 7. Of the 
remaining costs, the steam, fuel gas, and equipment are the 
most significant. 

The above items provide a focus on where to concentrate the 
major optimization effort. In this regard, a two level 
optimization strategy was ... 


30.4.2 An Example of an Improved Student Written Report 


1. Introduction 
The purpose of this report is to establish the minimum break- 
even price differential between benzene and toluene for the 
production of benzene using the catalytic hydrodealkylation of 
toluene. In this process, toluene is converted to benzene over a 
solid catalyst via the following reaction: 

C7 Hg + H —> Cs He F CH, 


toluene benzene 


This reaction is normally carried out at temperatures of 580°C-— 
660°C and at pressures of 35-70 bar [1, 2]. With the 
development of new catalysts, operating pressures as low as 25 
bar may be possible [3] and are assumed to be feasible in this 
analysis. In the base-case process provided, the reactor consists 
of a single-stage adiabatic packed bed of catalyst into which a 
small stream of recycle gas is fed for temperature control. Over 
the range of conditions considered here, there are essentially no 
side reactions. 


2. Base-Case Evaluation 


The PFD for this base case is shown in Figure 1. The previously 
reported optimum reactor inlet conditions of 600°C and 25 bar 


are used. A summary of the fixed capital investments, operating 
costs, and the break-even price differential for the base case is 
given in Table 1. They are presented as equivalent annual 
operating costs by amortizing the one-time capital investments 
over the life of the project using a 10% discount rate. The break- 
even sales price of benzene for this base case is $0.417/kg for a 
toluene purchase price of $0.23/kg (a break-even cost 
differential of $0.187/kg). The details of the break-even analysis 
are given in the appendix. The cost of manufacturing is 
estimated using the following equation: 


COM, = 0.180FCI + 2.73Coz + 1.23(Cyr + Crm) 
(1) 


where FCI = fixed capital investment, Coz, = cost of operating 
labor, Cyr = cost of utilities, and Cry = cost of raw materials. 


Table 1 shows that the major cost is for toluene. The overall 
conversion of toluene in the base case is 99.3%, allowing a 
potential savings in toluene cost of approximately $140,000/yr. 
This savings would have only a minor impact (approx. 
$0.003/kg) on the differential break-even price of benzene; 
therefore, the overall conversion of toluene is not considered a 
variable in the cases studied here. However, the hydrogen cost 
can be reduced significantly if a suitable separation technique 
can be found to purify the recycle gas, Streams 5 and 7. Of the 
remaining costs, the steam, fuel gas, and equipment are the 
most significant. 

To concentrate the major optimization effort on costs of 
hydrogen, steam, fuel gas, and equipment, a two-level 
optimization strategy was employed. The first level focused on 
topological changes to the process and included the addition of 
a membrane separation unit to purify the recycle gas (Streams 5 
and 7) and the implementation of a heat integration scheme. 
The second level of optimization focused on changes in 
operating parameters, particularly the column reflux ratio and 
the single-pass conversion in the reactor, because significant 
savings in utilities may be realized by changing these variables. 
The results of these optimizations are presented in the next 
sections. 


3 Topological Changes to Base-Case PFD 
3.1 Membrane Separator 


The first topological change attempted was the addition of a 
membrane separation unit to Stream 8 leaving the high- 
pressure phase separator. The membrane separation unit 
separates the recycle gas, sending a hydrogen-rich stream back 
through the compressor, C-101. This separation reduces the 
amount of methane in the recycle, and the amount of hydrogen 
feed required is reduced. Several different cases were screened, 
and Table 2 shows the results of the best case, where significant 
reductions in steam, fuel gas, and hydrogen feed costs were 
obtained. However, these gains were more than offset by the 


increased cost of electricity (for the compressor), the decrease 
in fuel gas credit, and the increase in equipment costs due to the 
larger compressor and the addition of the membrane separation 
unit. The net result was that the membrane separation unit 
provided no economic advantage. Consequently, this 
topological change is not recommended. 


Table 2 Economic Impact of Membrane Separation 
Unit on Process Economics (Permeate available at 10 
bar and 85% Hə purity, all EAOC cost figures in 


millions.) 
EAOC for Base EAOC with Membrane 

Cost Item Case Separator 
| Equipment $ 0.727 $ 1.370 | 
| Steam $ 0.943 $ 0.780 | 
| Fuel gas $ 0.566 $ 0.456 | 
| Cooling water $ 0.075 $ 0.065 | 
| Electricity $ 0.038 $ 0.320 | 
| Toluene $19.973 $19.973 | 
| Hydrogen $ 1.605 $ 1.338 | 
| Total $23.927 $24.302 | 

Fuel Gas 

(Credit) ($ 3.150) ($ 2.632) 


Break-even price of benzene with membrane separator = $0.434/kg 
(toluene = $0.23/kg) 
Break-even costs include utilities, raw materials, maintenance, labor, fixed 
capital investment, etc. 


Price Differential = (0.434 - 0.230) = $0.204/kg 


3.2 Heat Integration 


The second topological change to the PFD was the addition 
of heat integration around the reactor, where the benefit would 
be greatest. Exchanging heat between the reactor effluent, 
Stream 9, and the high-pressure steam, Stream 4, can 
significantly reduce cooling water and fuel gas utilities. In 
addition, the cost of the front-end heat exchange equipment (E- 
101, E-102, and H-101) might also be reduced. Figure 2(a) 
shows the base-case configuration, and Figure 2(b) shows the 
optimized heat exchange configuration around the reactor. 
Table 3 lists the savings in equipment and utility costs. The use 
of heat integration eliminates the high-pressure steam usage 
and reduces significantly the cost and utility demands of the 
fired heater, yielding a significant economic improvement by 
reducing the break-even price of benzene to $0.384/kg (break- 
even price differential of $0.154/kg). 


Figure 2 Front End of Toluene HDA Process (a) without 
Heat Integration and (b) with Heat Integration 


Table 3 Economic Impact of Front-End Heat 
Integration on Process Economics (All EAOC cost 
figures in millions.) 


Cost Item EAOC Base Case EAOC with Heat Integration 
| Equipment $ 0.727 $ 0.718 | 
| Steam $ 0.943 $ 0.269 | 
| Fuel gas $ 0.566 $ 0.085 | 
| Cooling water $ 0.075 $ 0.023 | 
| Electricity $ 0.038 $ 0.038 | 
| Toluene $19.973 $19.973 | 
| Hydrogen $ 1.605 $ 1.605 | 
| Total $23.927 $22.711 | 

Fuel gas (Credit) ($ 3.150) ($ 3.150) 


Break-even price of benzene with heat integration = $0.384/kg (toluene = 
$0.23/kg) 
Break-even costs include utilities, raw materials, maintenance, labor, fixed 
capital investment, etc. 


Price Differential = (0.384 — 0.230) = $0.154/kg 


4. Parametric Changes to Base-Case Operation 
4.1 Reflux Ratio 


Table 1 shows that the two largest utility costs are steam and 
fuel gas. The heat integration scheme outlined above can reduce 
these costs significantly. The next largest steam user after E-101 
is E-106, the reboiler of T-101. The optimum reflux ratio for 
column T-101 is 1.12 times the minimum (Figure 3), 
significantly different from the 1.5 of the base case. For this 
calculation, it is assumed that costs other than the EAOC of the 
column, reboiler, and condenser are substantially unaffected by 
changes in column operation. The costs for the optimum reflux 
are compared to those of the base-case operation (R/Rmin = 1.5) 
in Table 4. The overall effect is a small decrease in the break- 
even price differential of $0.0002/kg. 


Table 4 Economic Impact of Column Optimization on 


Process Economics (All EAOC cost figures in 
thousands.) 


EAOC for Base EAOC for 


Case R/Rmin = Optimized Case 
Cost Item 1.50 R/Rmin = 1.12 
Column equipment (T-101, $ 132.11 $ 148.03 
E-102, E-106, V-102, P- 
102A/B) 
| Cooling water $ 11.04 $ 9.32 
| Steam $ 275.90 $ 239.04 
Total $ 418.05 $ 396.39 


Break-even price of benzene with column optimization = 
$0.4168/kg (toluene = $0.23/kg) 
Break-even costs include utilities, raw materials, maintenance, labor, fixed 
capital investment, etc. 


Price Differential = (0.4168 — 0.230) = $0.1868/kg 


4.2 Conversion 


The final optimization attempted involved the single-pass 
conversion in the reactor (base-case conditions, T = 600°C, P = 
25 bar, conversion = 0.75). The rationale for changing the 
conversion was that potential savings could be obtained by 
reducing the amount of toluene recycle; that is, the size of 
equipment and utility usage in the recycle loop could be 
reduced. The results of this optimization are shown in Figure 4, 
where the break-even price for benzene is plotted as a function 
of single-pass conversion. The optimum conversion is seen to 
occur at about 85%, with a break-even price for benzene of 
$0.383/kg. The results for the optimum conversion are 
compared to the base case in Table 5. The increase in break- 
even price for conversions greater than 85% is attributed to an 
increase in the amount of benzene leaving in the fuel gas. The 
recovery of this “lost” benzene was not considered in the 
present analysis but is addressed below in the 
recommendations section. 
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Figure 3 The Effect of Reflux Ratio on Profitability of 
Hydrodealkylation Process 
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Figure 4 The Effect of Single-Pass Conversion on Break-Even 
Selling Price of Benzene 


Table 5 Economic Impact of Single-Pass Reactor 
Conversion (Plus Heat Integration) on Process 
Economics (All EAOC cost figures in millions.) 


EAOC Base Case with EAOC Optimized Case 


Heat Integration with Heat Integration 
Cost Item Conversion = 0.75 Conversion = 0.85 
| Equipment $ 0.718 $ 0.675 | 
| Steam $ 0.269 $ 0.243 | 
| Fuel gas $ 0.085 $ 0.068 | 
| Cooling $ 0.023 $ 0.020 | 
water 
| Electricity $ 0.038 $ 0.035 | 
| Toluene $ 19.973 $ 20.065 | 
| Hydrogen $ 1.605 $ 1.605 | 
| Total $ 22.711 $ 22.711 | 
Fuel gas 
(credit) ($ 3.150) ($ 3.161) 


Break-even price of benzene with conversion = 0.85 = 
$0.383/kg (toluene = $0.23/kg) 
Break-even costs include utilities, raw materials, maintenance, labor, fixed 
capital investment, etc. 


Price Differential = (0.383 - 0.230) = $0.153/kg 


5. Discussion 


The results of the present study are summarized in Figure 5, 
where the results of the different case studies are compared. 
The minimum break-even price for benzene using the catalytic 
hydrodealkylation of toluene is $0.383/kg. The recommended 
process uses significant heat integration around the reactor, 
with a single-pass conversion in the reactor of 85%. For all cases 
considered, the ratio of hydrogen to toluene entering the reactor 


was maintained at 5.1:1 in order to suppress carbon formation. 
Finally, a reflux ratio of 1.12 times the minimum value was used 
in the benzene tower, which was determined to be the optimum. 
The use of a membrane separation unit to purify the recycle 
hydrogen stream was not found to be economically attractive. 
The proposed process represents a significant improvement 
over the base case. 
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Figure 5 Summary of Results for Process Optimization of 
Toluene HDA Process 


6. Conclusions 


The optimum break-even price for benzene using this 
technology is estimated to be $0.383/kg. With toluene priced at 
$0.23/kg, this gives a break-even price differential of 
$0.153/kg. Significant improvements from the base case were 
made, including heat integration in the front end, column 
optimization, and increasing the single-pass reactor conversion. 
The addition of a membrane separation unit to purify the 
recycle gas stream was found not to be profitable. In summary, 
the production of benzene from the hydrodealkylation of 
toluene is not profitable at current market conditions. A 
significant increase in the price differential between benzene 
and toluene (>$0.16/kg) must occur before this process 
becomes economically feasible. 


7. Recommendations for Future Work 


The loss of benzene to the fuel gas for the improved process 
presented above represents approximately $640,000/yr in 
extra raw material (toluene) costs. Although appropriate fuel 
credit was given in this study, it is recommended that a further 
study be carried out to investigate methods for recovering this 
lost benzene. An example of one such method is the use of a 
pre-fractionator prior to T-101, instead of the two flash 


separations, to obtain a sharper separation between the 
noncondensables and benzene and toluene. The maximum 
potential benefit of this recovery is a reduction in the break- 
even cost of benzene of $0.012/kg; hence, this option should be 
considered. 

The base-case operating conditions (temperature and 
pressure) of the reactor were used throughout this study. It is 
not expected that significant savings can be realized by altering 
these conditions since the reactor cost has very little impact on 
the overall break-even price of benzene. 
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A.1.2 Capital cost estimation for equipment and utility cost 
estimations 
A.1.3 Calculation of break-even price of benzene 
A.2 Calculations for Membrane Separation Unit 
A.2.1 Material and energy balances 
A.2.2 Capital cost estimation for equipment and utility cost 
estimations 
A.2.3 Calculation of break-even price of benzene 
A.3 Calculations for Column Optimization 
A.3.1 Material and energy balances 
A.3.2 Capital cost estimation for equipment and utility cost 
estimations 
A.3.3 Calculation of break-even price of benzene 
A.4 Calculations for Optimization of Conversion 
A.4.1 Material and energy balances 
A.4.2 Capital cost estimation for equipment and utility cost 
estimations 
A.4.3 Calculation of break-even price of benzene 


30.5 CHECKLIST OF COMMON 
MISTAKES AND ERRORS 


The following checklist should be used before finalizing any 
presentation or report. 


30.5.1 Common Mistakes for Visual Aids 


1. When including columns of data in tables, the sum of the columns should 
be included and doubled-checked for correctness. 


2. If numbers are included in a table but are not to be added, then care 
should be taken not to list these numbers in an unbroken vertical column. 
The natural tendency is for the reader to add the numbers, which may be 
inappropriate. 

3. Either the number of decimal places or the number of significant figures 
should be the same for all numbers appearing in a table (or report). 

4. Place figure numbers and captions below the figure, and table numbers 
and titles above the table. 


5. Anote regarding the units of the numbers appearing in a table should be 
included—for example, “All numbers are in $millions” or similar notation. 

6. Pie charts should include the total value of the pie—for example, “The 
total fixed capital investment is $500,000.” 

7. Avoid the use of redundant graphics. For example, a pie chart would be 
redundant if all the same information was included in a table. 

8. When presenting comparisons between different cases in the form of 
multiple tables, make sure that the order of items appearing in these 
tables is the same for all tables. If the order is changed, then comparisons 
are made very difficult. 


9. When plotting data in the form of a figure, make sure that enough data are 
plotted. An example of insufficient data is given in Figure 30.8, where the 
optimum R/Rmin value is almost certainly not at 1.50 as shown. Figure 
30.9 shows a figure with an appropriate number of data points. 

10. All figure and table numbers should be followed by a meaningful caption. 
Do not simply repeat the axis titles in the caption—for example, “A plot of 
x vs. y.” An additional caption describing the figure, separate from the one 
with the figure number, should not be included. 


11. Never use line graphs. Line graphs are graphs that use an arbitrary x-axis 
scale having equal spacing between consecutive data points. Figure 30.8 
illustrates this type of graph. These graphs are very difficult to interpret 
and are often misleading. 


12. For one-sided printing, remember to place all landscape-oriented pages 
facing outward; rotate 90° counterclockwise. For two-sided printing, place 
all landscape-oriented pages facing the same direction as if printing were 
one sided, so the figures on even-numbered pages face toward the 
binding. 

13. Line up decimal points in columns of tables. 

14. The same-size font should be used for axis labels and axis titles. The font 
size should also be the same for all of the figure and table titles and be the 
same as that in the main text of the report. 

15. If case studies are used in the report, the identification should be 
consistent throughout the report. For example, in a report with many 
different case studies, Case 2 should not be referred to as Case B in a table 
and Case II in a figure. 


30.5.2 Common Mistakes for Written Text 


It is impossible to list all the errors that might appear in a 
written report. However, some of the more common mistakes 
are listed in this section. 


Memoranda (Memos) 


1. The list of people to copy in a reply memo should be the same as that used 
in the initiation memo. 


2. Be careful to use the correct descriptive titles for attachments and memo 
subject. For example, for the cover memorandum in Figure 30.3, the 
subject should read “Evaluation of the Minimum Break-Even Price 
Differential for Benzene and Toluene,” and not “Benzene Production” as 
shown. 

3. The significant results of the study or report should be briefly summarized 
in the memorandum. This enables the person reading it to quickly 
ascertain the major findings and prioritize the reading of the report (see 


Section 30.1). 
Main Body of Written Report 


. An alternative to using first-person narrative is the passive voice. Some 
authors claim (insist) that first person (In this report, I present my 
findings of a study on...) is often clearer and more concise than the passive 
voice (In this report the findings of a study on ... are presented). However, 
for the novice, a report written in the first person often sounds (reads) 
unprofessional(ly), and it is safer to stick with the passive voice. 

. When writing chemical reactions, name all ambiguous chemicals in the 
reactions. For example, the reaction of toluene to yield benzene should be 
written as 


C7 Hg + Ha> Co He + CH, 


toluene benzene 


. Details of calculation methods and software used should not appear in the 
main body of the report but rather in the appendix. Software may be cited 
if specific information is used—for example, if the second virial coefficient 
for methylene chloride was obtained from the simulator databank. 


. Equation numbers should be included in parentheses and be right 
justified, level with the equation. For example: 


COM, = 0.180FCI + 2.73Cozr + 1.23(Cur + Crm) 
(1) 


In addition, the terms in the equation should always be defined either 
directly after the equation (which is preferred for written reports) or in a 
separate notation section at the back of the report (for books and technical 
papers). 

. The word data is plural: The optimization data are ... 

. New results should not be included in the Conclusions section of a report. 
Such information should have already been included in a separate 
Discussion section. 

. Try to make specific recommendations that can be quantified. Avoid 
stating the obvious—for example, “Find cheaper utilities or raw 
materials.” These statements do not improve the report-writer’s 
credibility with the reader. Unless there are specific ideas in mind, this 
type of wishful thinking is detrimental to the credibility of the report. 

. In the References section, only references cited in the report should be 
included. 


Appendix A: Cost Equations and 
Curves for the CAPCOST Program 


The purpose of this appendix is to present the equations and 
figures that describe the relationships used in the capital 
equipment-costing program CAPCOST introduced in Chapter 7 
and used throughout the text. The program is based on the 
module factor approach to costing that was originally 
introduced by Guthrie [1, 2] and modified by Ulrich [3]. 


A.1 PURCHASED EQUIPMENT COSTS 


All the data for the purchased cost of equipment for the second 
edition of this book were obtained from a survey of equipment 
manufacturers during the period May to September of 2001, so 
an average value of the CEPCI of 397 over this period should be 
used when accounting for inflation. 

Additional process equipment were added to the third 
edition as follows: 


e Conveyors 

e Crystallizers 

e Dryers 

e Dust Collectors 

e Filters 

e Mixers 

e Reactors 

e Screens 
The purchased costs for these types of equipment were obtained 
in 2003, but the costs given in this appendix have been 
normalized to 2001. For this additional equipment, bare 
module factors were not available, nor were pressure factors or 
materials of construction factors. In general, these units are 
generally bought as a package, and installation in the plant is 


not expensive. The bare module factors for these units are taken 
to be the field installation factors given by Guthrie [1, 2]. 

Data for the purchased cost of the equipment, at ambient 
operating pressure and using carbon steel construction, C}, 
were fitted to the following equation: 


logigCp = Kı + K2log;)(A) + K; [logy (A)]? 
(A.1) 


where A is the capacity or size parameter for the equipment. 
The data for K,, Ky, and Ks, along with the maximum and 
minimum values used in the correlation, are given in Table A.1. 
These data are also presented in the form of graphs in Figures 


A.1—A.17. It should be noted that in these figures, the data are 


plotted as Cf / A as a function of size attribute A. This form of 


the graph clearly illustrates the decreasing cost per unit of 
capacity as the size of the equipment increases. 


Table A.1 Equipment Cost Data to Be Used with 


Equation (A.1) 


Equipment Equipment 


Type Description 

Blenders Kneader 
Ribbon 
Rotary 


Centrifuges Auto batch 
separator 


Centrifugal 
separator 


Oscillating 
screen 


Solid bowl 
w/o motor 


Compressors Centrifugal, 
axial, and 
reciprocating 


Conveyors Apron 
Belt 
Pneumatic 
Screw 


Crystallizers Batch 


Drives Gas turbine 


Intern comb. 
engine 


Steam 
turbine 


Electric— 
explosion- 
proof 


Electric— 
totally 
enclosed 


Rotary 


Electric— 


Kı 


5.0141 


4.1366 


4.1366 


4.7681 


4.3612 


4.8600 


4.9697 


2.2897 


5-0355 


3-9255 
4.0637 
4.6616 
3.6062 


4.5097 


—21.7702 


2.7635 


2.6259 


2.4604 


1.9560 


2.9508 


K2 


0.5867 


0.5072 


0.5072 


0.9740 


0.8764 


0.3340 


1.1689 


1.3604 


-1.8002 


0.5039 
0.2584 
0.3205 
0.2659 


0.1731 


13.2175 


0.8574 


1.4398 


1.4191 


1.7142 


1.0688 


K3 


0.3224 


0.0070 


0.0070 


0.0240 


-0.0049 


0.1063 


0.0038 


-0.1027 


0.8253 


0.1506 
0.1550 
0.0638 
0.1982 


0.1344 


-1.5279 


-0.0098 


-0.1776 


-0.1798 


-0.2282 


—0.1315 


Capacity, 
Units 


Volume, 


2 


m 


Volume, 


2 


m 


Volume, 


2 


m 


Diameter, 
m 


Diameter, 
m 


Diameter, 
m 


Diameter, 
m 


Fluid 
power, 
kW 


Fluid 
power, 
kw 


2 
Area, m 
2 
Area, m 
2 
Area, m 
2 
Area, m 


Volume, 


m? 


Shaft 
power, 
kW 


Shaft 
power, 
kW 


Shaft 
power, 
kW 


Shaft 
power, 
kW 


Shaft 
power, 
kW 


Shaft 


Min 


Size 


0.14 


0.7 


0.7 


0.5 


0.5 


0.5 


0.3 


450 


18 


1.0 
0.5 
0.75 
0.5 


1.5 


7500 


10 


70 


75 


75 


75 


11 


11 


1.7 


1.1 


950 


15 
325 
65 
30 


30 


23,000 
10,000 


7500 


2600 


2600 


2600 


Dust 
collectors 


Evaporators 


Fans 


Filters 


Furnaces 


open/drip- 
proof 


Drum 


Rotary, gas 
fired 


Tray 


Baghouse 


Cyclone 
scrubbers 


Electrostatic 
precipitator 


Venturi 
scrubber 


Forced 
circulation 
(pumped) 


Falling film 


Agitated film 
(scraped wall) 


Short tube 
Long tube 


Centrifugal 
radial 


Backward 
curve 


Axial vane 


Axial tube 


Bent 
Cartridge 


Disc and 
drum 


Gravity 
Leaf 
Pan 


Plate and 
frame 


Table 
Tube 


Reformer 
furnace 


Pyrolysis 
furnace 


Nonreactive 


4.5472 


3-5645 


3.6951 


4.5007 


3.6298 


3.6298 


3.6298 


5.0238 


3.9119 


5.0000 


5.2366 
4.6420 


3-5391 


3-3471 


3.1761 


3-0414 


5-1055 
3.2107 


4.8123 


4.2756 
3.8187 
4.8123 


4.2756 


5.1055 
5.1055 


3.0680 


2.3859 


7-3488 


0.2731 


1.1118 


0.5442 


0.4182 


0.5009 


0.5009 


0.5009 


0.3475 


0.8627 


0.1490 


-0.6572 
0.3698 


-0.3533 


-0.0734 


=0.1373 


-0.3375 


0.4999 
0.7597 


0.2858 


0.3520 
0.6235 
0.2858 


0.3520 


0.4999 
0.4999 


0.6597 


0.9721 


—1.1666 


0.1340 


-0.0777 


-0.1248 


0.0813 


0.0411 


0.0411 


0.0411 


0.0703 


-0.0088 


-0.0134 


0.3500 
0.0025 


0.4477 


0.3090 


0.3414 


0.4722 


0.0001 
0.0027 


0.0420 


0.0714 
0.0176 
0.0420 


0.0714 


0.0001 
0.0001 


0.0194 


-0.0206 


0.2028 


0.5 


0.5 
0.6 
0.9 


0.5 


0.9 
0.9 


3000 


3000 


1000 


50 


100 


20 


350 


200 


200 


200 


1000 


100 


100 


100 


115 
200 


300 


80 
235 
300 


80 


115 
115 


100,000 


100,000 


100,000 | 


Heat 
exchangers 


Heaters 


Mixers 


Packing 


Process 
vessels 


Pumps 


Reactors 


fired heater 


Scraped wall 


Teflon tube 
Bayonet 
Floating head 
Fixed tube 
U-tube 


Kettle 
reboiler 


Double pipe 
Multiple pipe 
Flat plate 
Spiral plate 
Air cooler 
Spiral tube 


Diphenyl 
heater 


Molten salt 
heater 


Hot water 
heater 


Steam boiler 


Impeller 


Propeller 


Turbine 


Loose (for 


towers) 


Horizontal 


Vertical 


Reciprocating 


Positive 
displacement 


Centrifugal 


Autoclave 


Fermenter 


Inoculum 


3-7803 


3.8062 
4.2768 
4.8306 
4.3247 
4.1884 


4.4646 


3-3444 
2.7652 
4.6656 
4.6561 
4.0336 
3-9912 


2.2628 


1.1979 


2.0829 


6.9617 


3.8511 


4.3207 


3.4092 


2.4493 


3-5565 


3-4974 


3.8696 


3-4771 


3-3892 


4-5587 


4.1052 


3-7957 


0.8569 


0.8924 

-0.0495 
-0.8509 
-0.3030 
-0.2503 


-0.5277 


0.2745 
0.7282 
-0.1557 
-0.2947 
0.2341 
0.0668 


0.8581 


1.4782 


0.9074 


-1.4800 


0.7009 


0.0359 


0.4896 


0.9744 


0.3776 


0.4485 


0.3161 


0.1350 


0.0536 


0.2986 


0.5320 


0.4593 


0.0349 


-0.1671 
0.1431 
0.3187 
0.1634 
0.1974 


0.3955 


-0.0472 
0.0783 


0.1547 


0.2207 


0.0497 
0.2430 


0.0003 


-0.0958 


-0.0243 


0.3161 


-0.0003 


0.1346 


0.0030 


0.0055 


0.0905 


0.1074 


0.1220 


0.1438 


0.1538 


0.0020 


-0.0005 


0.0160 


2 
Area, m 
2 
Area, m 
a, 
Area, m 
2 
Area, m 


Duty, kW 
Duty, kW 
Duty, kW 


Duty, kW 


Power, 
kw 


Power, 
kw 


Power, 
kw 


Volume, 


mê 


Volume, 


m? 


Volume, 


3 
m 


Shaft 
power, 
kW 


Shaft 
power, 
kw 


Shaft 
power, 


kW 
Volume, 
m? 
Volume, 
ie 


Volume, 


0.03 


0.1 


0.3 


0.07 


20 


100 


10,750 


10,750 


10,750 


500 


150 


628 


628 


520 


200 


100 


300 


15 


35 


Screens 


Tanks 


Towers 


Trays 


Turbines 


Vaporizers 


tank 


Jacketed 
agitated 


Jacketed 
nonagitated 


Mixer/settler 


DSM 
Rotary 
Stationary 
Vibrating 


API—fixed 
roof 


API—floating 
roof 


Tray and 
packed 


Sieve 
Valve 
Demisters 


Axial gas 
turbines 


Radial 
gas/liquid 
expanders 


Internal 
coils/jackets 


Jacketed 
vessels 


4.1052 


3-3496 


4.7116 


3.8050 
4.0485 
3.8219 
4.0485 
4.8509 


5-9567 


3-4974 


2.9949 
3.3322 
3-2353 


2.7051 


2.2476 


4.0000 


3-8751 


0.5320 


0.7235 


0.4479 


0.5856 
0.1118 
1.0368 


0.1118 


-0.3973 


-0.7585 


0.4485 


0.4465 
0.4838 
0.4838 


1.4398 


1.4965 


0.4321 


0.3328 


-0.0005 


0.0025 


0.0004 


0.2120 
0.3260 
-0.6050 
0.3260 


0.1445 


0.1749 


0.1074 


0.3961 
0.3434 


0.3434 


-0.1776 


-0.1618 


0.1700 


0.1901 


m? 


Volume, 


m? 


Volume, 


mê 


Volume, 


3 
m 


a 
Area, m 

2 
Area, m 

2 
Area, m 


Fluid 
power, 
kW 


Fluid 
power, 
kW 


Volume, 


m? 


Volume, 


3 
m 


0.04 


1000 


0.3 


0.07 


0.70 


0.70 


100 


100 


1 


1 


35 


45 


40,000 


520 


12.30 
10.50 


10.50 


1500 


100 


100 


4000 


1000 


of Fluid Power, CP/W¢ ($/kW) 


Purchased Cost of Compressor per Unit 


1000 


p 


Purchased Cost of Drive per 
Unit of Shaft Power, C°/Wg ($/kW) 
8 


1000 


/kW) 


Purchased Cost of Drive per 
Unit of Shaft Power, Co/Ws ($ 


CEPCI = 397 


(Sept 2001) 
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Figure A.1 Purchased Costs for Compressors and Drives 
(Cost Data for Compressors and Drives Taken from R-Books 
Software by Richardson Engineering Services, Inc. [4]) 
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Figure A.2 Purchased Costs for Evaporators and Vaporizers 
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Figure A.3 Purchased Costs for Fans, Pumps, and Power 
Recovery Equipment (Cost Data for Fans Taken from R-Books 
Software by Richardson Engineering Services, Inc. [4]) 
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Figure A.4 Purchased Costs for Fired Heaters and Furnaces 


Purchased Cost of Heat Exchanger per Unit of Heat Transfer Area, G°/A ($/m?) 
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Figure A.5 Purchased Costs for Heat Exchangers 
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Figure A.6 Purchased Costs for Packing, Trays, and 
Demisters 
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Figure A.7 Purchased Costs for Storage Tank and Process 
Vessels (Data for Storage Tanks Taken from R-Books Software 
by Richardson Engineering Services, Inc. [4]) 
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Figure A.8 Purchased Costs for Blenders 
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Figure A.9 Purchased Costs for Centrifuges 
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Figure A.10 Purchased Costs for Conveyors 
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Figure A.11 Purchased Costs for Crystallizers 
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Figure A.12 Purchased Costs for Dryers 
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Figure A.14 Purchased Costs for Filters 
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Figure A.16 Purchased Costs for Reactors 
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Figure A.17 Purchased Costs for Screens 


Data from the R-Books software, marketed by Richardson 
Engineering Services, Inc. [4], were used as a basis for several of 
the graphs and correlations; acknowledgment is given in the 
appropriate figures. 


A.2 PRESSURE FACTORS 


As was pointed out in Chapter 7, the costs of equipment 
increase with increasing operating pressure. In this section, the 


method of accounting for changes in operating pressure 
through the use of pressure factors is covered. 


A.2.1 Pressure Factors for Process Vessels 


The pressure factor for horizontal and vertical process 
(pressurized) vessels of diameter D meters and operating at a 
pressure of P barg is based on the ASME code for pressure 
vessel design [5]. At base material conditions using a maximum 
allowable stress for carbon steel, S, of 944 bar, a weld efficiency, 
E, of 0.9, a minimum allowable vessel thickness (tmin) of 0.0063 
m (1/4 inch), and a corrosion allowance, CA, of 0.00315 m (1/8 
inch) gives the following expression: 


PD 
weap +CA _ qoaa] + 9.00815 
FP vessel = a = 0063 Ore vessel > 0.0063m 


(A.2) 


If Fp, vessel iS less than 1 (corresponding to tyessei < 0.0063 m), 
then Fp, vessel = 1. For pressures less than —0.5 barg, Fp, vessel 
=1.25. It should be noted that Equation (A.2) is strictly true for 
the case when the thickness of the vessel wall is less than 0.25 
D; for vessels in the range D = 0.3 to 4.0 m, this occurs at 
pressures of approximately 320 barg; see Section 23.1.2 for 
more details. If maximum allowable stress values (S) are known 
they should be substituted in Equation (A.2). 


A.2.2 Pressure Factors for Other Process Equipment 


The pressure factors, Fp, for the remaining process equipment 
are given by the following general form: 


logig Fp = C + C2log10 P + C3 (logio P)? 
(A.3) 


The units of pressure, P, are bar gauge or barg (1 bar = 0.0 barg) 
unless stated otherwise. The pressure factors are always greater 
than unity. The values of constants in Equation (A.3) for 
different equipment are given in Table A.2, and also shown are 
the ranges of pressures over which the correlations are valid. 
The values for the constants given in Table A.2 were regressed 
from data in Guthrie [1, 2] and Ulrich [3]. Extrapolation outside 
this range of pressures should be done with extreme caution. 
Some equipment does not have pressure ratings and therefore 
has values of C,—C; equal to zero. If cost estimates are required 
for these units at high pressures and the equipment cost is 
affected by pressure, then these correlations should again be 
used with caution. 


Table A.2 Pressure Factors for Process Equipment 


Pressure 
Equipment Equipment Range 
Type Description Cy C2 C3 (barg) 


Compressors Centrifugal, o o o 
axial, rotary, 


Evaporators 


Fans* 


Furnaces 


Heat 
exchangers 


and 
reciprocating 


Gas turbine 


Intern. comb. 
engine 


Steam 
turbine 


Electric— 
explosion- 
proof 


Electric— 
totally 
enclosed 


Electric— 
open/drip- 
proof 


Forced 
circulation 
(pumped), 
falling film, 
agitated film 
(scraped 
wall), short 
tube, and 
long tube 


Centrifugal 
radial, and 
centrifugal 
backward 
curve 


Axial vane 
and axial tube 


Reformer 
furnace 


Pyrolysis 
furnace 


Nonreactive 
fired heater 


Scraped wall 


Teflon tube 


Bayonet, 
fixed tube 
sheet, floating 


0.1578 


0.1347 


0.6072 


13.1467 


0.03881 


-0.2992 


-0.9120 
-12.6574 
(0) 


(0) 


-0.11272 


(0) 


0.1413 


0.1293 


P<o 


10<P<150 


AP<1ikPa 


1<AP<16kPa 


AP<1kPa 


1<AP<4kPa 


P<10 


10<P<200 


10<P<200 


P<10 


10<P<200 


P<40 


40<P<100 
100<P<300 
P<15 


P<5 
5<P<140 


P<10 | 


Heaters 


Packing 


Process 
vessels 


Pumps 


Tanks 


head, kettle 
reboiler, and 
U-tube (both 
shell and 
tube) 


Bayonet, 
fixed tube 
sheet, floating 
head, kettle 
reboiler, and 
U-tube (tube 
only) 


Double pipe 
and multiple 
pipe 


Flat plate and 
spiral plate 


Air cooler 


Spiral tube 
(both shell 
and tube) 


Spiral tube 
(tube only) 


Diphenyl 
heater, 
molten salt 
heater, and 
hot water 
heater 


Steam boiler 


Loose (for 
towers) 


Horizontal 
and vertical 


Reciprocating 


Positive 
displacement 


Centrifugal 


API—fixed 
roof 


API—floating 
roof 


(0) 


-0.00164 


-0.1250 


(0) 


2.594072 


(0) 


(0) 
-0.245382 


(0) 


-0.245382 


-0.3935 


(0) 


-0.00627 


0.15361 


0.1859 


0.09717 
o 


0.056875 


-4.23476 


o 
0.259016 


(0) 


0.259016 


0.3957 


0.0123 


-0.02861 


(0) 


(0) 


-0.00876 


o 
1.722404 


(0) 


(0) 
-0.01363 


(0) 


-0.01363 
(0) 
-0.00226 


(0) 


P<5 
5<P<140 


P<40 


40<P<100 
100<P<300 


P<19 


P<10 
10<P<100 


P<150 


150<P<400 


150<P<400 


P<2 


2<P<200 


P<20 


20<P<40 


P<10 
10<P<100 


P<10 


10<P<100 
P<10 
10<P<100 


P<0.07 


P<0.07 


P<150 | 
l 


Towers Tray and 


packed 
Trays Sieve (0) (0) (0) 7 
| Valve o o (0) 
| Demisters o (0) fe) 7 
Turbines Axial gas o o o 
turbines 
Radial o o (0) 
gas/liquid 
expanders 
Vaporizers Internal (0) (0) oO P<5 
coils/jackets 
and jacket 
vessels 


-0.16742 0.13428 0.15058 5<P<320 


*Pressure factors for fans are written in terms of the pressure rise across the fan, AP, 
where AP is measured in kPa. 


tSee Equation (A.2). 


Source: Correlated from Data in Guthrie, K. M., “Data and Techniques for Preliminary 


Capital Cost Estimating,” Chem. Eng. March 24, 1969: 114-142; Guthrie, K. M., Process 
Plant Estimating Evaluation and Control (Solana Beach, CA: Craftsman Book Co., 1974); 
Ulrich, G. D., A Guide to Chemical Engineering Process Design and Economics (New 
York: John Wiley & Sons, 1984). 


A.3 MATERIAL FACTORS AND BARE 
MODULE FACTORS 


As was pointed out in Chapter 7, the costs of equipment change 
with changes in the material of construction. In this section, the 
method of accounting for different materials of construction is 
covered. 


A.3.1 Bare Module and Material Factors for Heat Exchangers, 
Process Vessels, and Pumps 


The material factors, Fy, for heat exchangers, process vessels, 
and pumps are given in Figure A.18, with the appropriate 
identification number listed in Table A.3. The bare module 
factors for this equipment are given by the following equation: 


Cem = Ci Fgm = Ch (Bı + BoFu Fp) 
(A.A) 


Material Factor, Fm 


20 30 


Identification Number from Table A.3 


Figure A.18 Material Factors for Equipment in Table A.3 


Table A.3 Identification Numbers for Material 


(Averaged Data from References [1—3, 6—8]) 


Factors for Heat Exchangers, Process Vessels, and 
Pumps to Be Used with Figure A.18 


Identification 
Number 


1 


o 


14 


15 


Equipment 


Type 


Heat 
exchanger 


Equipment 
Description 


Double pipe, 
multiple pipe, 


fixed tube sheet, 
floating head, 


U-tube, bayonet, 
kettle reboiler, 
scraped 


wall, and spiral tube 


Air cooler 
Air cooler 
Air cooler 


Flat plate and spiral 
plate 


Flat plate and spiral 
plate 


Flat plate and spiral 
plate 


Flat plate and spiral 


Material of 
Construction 


CS-shell/CS- 
tube 


CS-shell/Cu- 
tube 


Cu-shell/Cu- 
tube 


CS-shell/SS- 
tube 


SS-shell/SS- 
tube 


CS-shell/Ni 
alloy tube 


Ni alloy, 
shell/Ni alloy- 
tube 


CS-shell/Ti- 
tube 


Ti-shell/Ti- 
tube 


CS tube 
Al tube 
SS tube 


CS (in contact 
with fluid) 


Cu (in contact 
with fluid) 


SS (in contact 
with fluid) 


Ni alloy (in 


plate contact with 
fluid) 
17 Flat plate and spiral Ti (in contact 
plate with fluid) 
18 Process Horizontal, vertical CS 
vessels (including towers) 
19 Horizontal, vertical SS clad 
(including towers) 
20 Horizontal, vertical SS 
(including towers) 
21 Horizontal, vertical Ni alloy clad 
(including towers) 
22 Horizontal, vertical Ni alloy 
(including towers) 
23 Horizontal, vertical Ti clad 
(including towers) 
24 Horizontal, vertical Ti 
(including towers) 
| 25 Pumps Reciprocating Cast iron | 
| 26 Reciprocating Carbon steel | 
| 27 Reciprocating Cu alloy | 
| 28 Reciprocating SS | 
| 29 Reciprocating Ni alloy | 
| 30 Reciprocating Ti | 
31 Positive Cast iron 
displacement 
32 Positive Carbon steel 
displacement 
33 Positive Cu alloy 
displacement 
34 Positive SS 
displacement 
35 Positive Ni alloy 
displacement 
36 Positive Ti 
displacement 
| 37 Centrifugal Cast iron | 
| 38 Centrifugal Carbon steel | 
| 39 Centrifugal SS | 
| 40 Centrifugal Ni alloy | 


The values of the constants B, and B, are given in Table A.4. 
The bare module cost for ambient pressure and carbon steel 


construction, CD vo and the bare module factor for the 


equipment at these conditions, F'°,,, are found by setting Fy 


BM’ 
and Fp equal to unity. The data given in Tables A.3 and A.4 and 
Figure A.18 are average values from the following references: 
Guthrie [1, 2], Ulrich [3], Navarrete [6], Perry et al. [7], and 


Peters and Timmerhaus [8]. 


Table A.4 Constants for Bare Module Factor to Be 


Used in Equation (A.4) 
Equipment 
Type Equipment Description By Bo 
Heat Double pipe, multiple pipe, scraped wall, 1.74 1.55 


exchangers and spiral tube 


Fixed tube sheet, floating head, U-tube, 1.63 1.66 
bayonet, kettle reboiler, and Teflon tube 


| Process Horizontal 1.49 1.52 | 


Air cooler, spiral plate, and flat plate 0.96 1.21 
vessels 

Vertical (including towers) 2.25 1.82 
Pumps Reciprocating 1.89 1.35 

Positive displacement 1.89 1.35 

Centrifugal 1.89 1.35 


Source: Correlated from Data in Guthrie, K. M., “Data and Techniques 
for Preliminary Capital Cost Estimating,” Chem. Eng. March 24, 1969: 
114-142; Guthrie, K. M., Process Plant Estimating Evaluation and 


Control (Solana Beach, CA: Craftsman Book Co., 1974); Ulrich, G. D., A 
Guide to Chemical Engineering Process Design and Economics (New 
York: John Wiley & Sons, 1984). 


A.3.2 Bare Module and Material Factors for the Remaining 
Process Equipment 
For the remaining equipment, the bare module costs are related 
to the material and pressure factors by equations different from 
Equation (A.4). The form of these equations is given in Table 
A.5. The bare module factors that correspond to the equations 
in Table A.5 are given in Figure A.19 using the identification 
numbers listed in Table A.6. Again, the data used to construct 
Figure A.19 are compiled from average values taken from 
Guthrie [1, 2], Ulrich [3], Navarrete [6], Perry et al. [7], and 
Peters and Timmerhaus [8]. In addition, bare module factors 
for the equipment added to the third edition of the book 
(conveyors, crystallizers, dryers, dust collectors, filters, mixers, 
reactors, and screens) are given separately in Table A.7. 


Bare Module Factor, Fgm 


O- NU A UWANG © 


3] t i 
0 10 20 30 40 50 60 70 
Identification Number from Table A.6 


Figure A.19 Bare Module Factors for Equipment in Table 


A.6 (Average Data from References [1—3, 6-8 ]) 


Table A.5 Equations for Bare Module Cost for 
Equipment Not Covered by Tables A.3 and A.4 


Equipment Type Equation for Bare Module Cost 


Compressors and 
blowers without 
drives 


Drives for 
compressors and 
blowers 


Evaporators and 
vaporizers 


Fans with electric 
drives 


Fired heaters and 
furnaces 


Power recovery 
equipment 


Sieve trays, valve 
trays, and 
demister pads 


Cam = Cp Fgm 


Cam = Cp Fgm 


Cam = Cp Fgm Fp 
CBM = Cp Fgm Fp 


Cem = Cp Fem Fp Fr 


boilers (Fr = 1 for other heaters and furnaces) and 


is given by 


Fr = 1+ 0.00184AT — 0.00000335(AT) 


where AT is the amount of superheat in °C. 


Cam = Cp Fgm 


Cam = Cp} NFgm Fy 


where N is the number of trays and Fg is a 


quantity factor for trays only given by 


logio Fg = 0.4771 + 0.08516logio N — 0.3473 (logio 


N) for N<20 


Fq = 1 for N220 


Fris the superheat correction factor for steam 


Tower packing Cam = Cp Feu 


Table A.6 Identification of Material Factors for 


Equipment Listed in Table A.5 to Be Used with Figure 


A.19 


Identification 
Number 


1 


Equipment Type 


Compressors/blowers 


Equipment 
Description 


Centrifugal 
compressor 
or blower 


Centrifugal 
compressor 
or blower 


Centrifugal 
compressor 
or blower 


Axial 
compressor 
or blower 


Axial 


Material of 
Construction 


CS 


SS 


Ni alloy 


CS 


SS 


10 


11 


12 


13 


14 


15 


16 


17 


18 


19 


20 


21 


22 


Drives for 
compressors and 
blowers 


Evaporators and 
vaporizers 


compressor 
or blower 


Axial 
compressor 
or blower 


Rotary 
compressor 
or blower 


Rotary 
compressor 
or blower 


Rotary 
compressor 
or blower 


Reciprocating 
compressor 
or blower 


Reciprocating 
compressor 
or blower 


Reciprocating 
compressor 
or blower 


Electric— 
explosion- 
proof 


Electric— 
totally 
enclosed 


Electric— 
open/drip- 
proof 


Gas turbine 


Steam 
turbine 


Internal 
combustion 
engine 


Evaporator— 
forced circ, 
short or long 
tube 


Evaporator— 
forced circ, 
short or long 
tube 


Evaporator— 
forced circ, 
short or long 
tube 


Evaporator— 
forced circ, 
short or long 
tube 


Ni alloy 


CS 


SS 


Ni alloy 


CS 


SS 


Ni alloy 


CS 


Cu alloy 


SS 


Ni alloy 


23 


24 


25 


26 


27 


28 


29 


30 


31 


32 


33 


34 


35 


36 


37 


38 


39 


40 


Evaporator— 
forced circ, 
short or long 
tube 


Evaporator— 
falling film, 
scraped wall 


Evaporator— 
falling film, 
scraped wall 


Evaporator— 
falling film, 
scraped wall 


Evaporator— 
falling film, 
scraped wall 


Evaporator— 
falling film, 
scraped wall 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel 


Vaporizer— 
jacketed 
vessel + 
internal coil 


Vaporizer— 
jacketed 


CS 


Cu alloy 


SS 


Ni alloy 


CS 


Cu 


Glass 


lined/SS coils 


Glass 


lined/Ni coils 


SS 


SS clad 


Ni alloy 


Ni alloy clad 


Ti 


Ti clad 


CS 


Cu 


41 


42 


43 


44 


45 


46 


47 


48 


49 


50 


51 


52 


53 


54 


55 


Fans 


Fired heaters and 
furnaces 


vessel + 
internal coil 


Vaporizer— 
jacketed 
vessel + 
internal coil 


Vaporizer— 
jacketed 
vessel + 
internal coil 


Vaporizer— 
jacketed 
vessel + 
internal coil 


Vaporizer— 
jacketed 
vessel + 
internal coil 


Vaporizer— 
jacketed 
vessel + 
internal coil 


Vaporizer— 
jacketed 
vessel + 
internal coil 


Vaporizer— 
jacketed 
vessel + 
internal coil 


Vaporizer— 
jacketed 
vessel + 
internal coil 


Fan with 
electric drive 


Fan with 
electric drive 


Fan with 
electric drive 


Fan with 
electric drive 


Tube for 
furnaces and 
nonreactive 
process 
heater 


Tube for 
furnaces and 
nonreactive 
process 
heater 


Tube for 
furnaces and 
nonreactive 
process 


Glass 
lined/SS coils 


Glass 


lined/Ni coils 


SS 


SS clad 


Ni alloy 


Ni alloy clad 


Ti 


Ti clad 


CS 


Fiberglass 


SS 


Ni alloy 


CS 


Alloy steel 


SS 


heater 


CS 


SS 
Ni alloy 
CS 


SS 


Ni alloy 


SS 
Fluorocarbon 
Ni alloy 


Metal 
(304SS) 


Polyethylene 


Ceramic 


Bare Module Factor, 


56 Thermal fluid 
heater—hot 
water, molten 
salt, or 
diphenyl- 
based oil 

57 Power recovery Turbines 

equipment 
| 58 Turbines 
| 59 Turbines 

60 Trays and demister Sieve and 

pads valve trays 

61 Sieve and 
valve trays 

62 Sieve and 
valve trays 

| 63 Demister pad 
| 64 Demister pad 
| 65 Demister pad 

66 Tower packing Packing 

| 67 Packing 
68 Packing 
Table A.7 Bare Module Factors for Conveyors, 
Crystallizers, Dryers, Dust Collectors, Filters, Mixers, 
Reactors, and Screens 
Equipment Equipment 
Type Description Fem 
| Blenders Kneader 1.12* 
| Ribbon 1.12* 
| Rotary 1.12 
| Centrifuges Auto batch separator 1.57* 
| Centrifugal separator 1.57 
| Oscillating screen 1.57* 
| Solid bowl w/o motor 1.27 
| Conveyors Apron 1.20 
| Belt 1.25 
| Pneumatic 1.25* 
| Screw 1.10 
| Crystallizers Batch 1.60 
| Dryers Drum 1.60 
| Rotary, gas fired 1.25 
| Tray 1.25 
| Dust collectors Baghouse 2.86* 
| Cyclone scrubbers 2.86* 
| 


Electrostatic 2.86* 


| precipitator | 
| Venturi scrubber 2.86* | 
| Filters Bent 1.65* | 
| Cartridge 1.65* | 
| Disc and drum 1.65* | 
| Gravity 1.65* | 
| Leaf 1.65 | 
| Pan 1.65* | 
| Plate and frame 1.80 | 
| Table 1.65* | 
| Tube 1.65* | 
| Mixers Impeller 1.38* | 
| Propeller 1.38 | 
| Turbine 1.38 | 
| Reactors Autoclave 4.0* | 
| Fermenter 4.0* | 
| Inoculum tank 4.0* | 
| Jacketed agitated 4.0* | 
| Jacketed nonagitated 4.0* | 
| Mixer/settler 4.0* | 
| Screens DSM 1.34* | 
| Rotary 1.34* | 
| Stationary 1.34* | 
Vibrating 1.34 


When possible, bare module factors are taken to be equal to the Field 
Installation Factors from Guthrie [2]. Items marked * are estimates. 
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Appendix B: Information for the 
Preliminary Design of Fifteen 
Chemical Processes 


The purpose of the process designs contained in this appendix is 
to provide the reader with a preliminary description of several 
common chemical processes. The designs provided are the 
result of preliminary simulation using the CHEMCAD process 
simulation software and often contain simplifying assumptions 
such as ideal column behavior (shortcut method using the 
Underwood-Gilliland method) and in some cases the use of 
ideal thermodynamics models (K-value = ideal gas, enthalpy = 
ideal). These designs are used throughout the book in the end- 
of-chapter problems and provide a starting point for detailed 
design. The authors recognize that there are additional 
complicating factors, such as nonideal phase equilibrium 
behavior (such as azeotrope formation and phase separation), 
feed stream impurities, different catalyst selectivity, side 
reaction formation, and so on. The presence of any one of these 
factors may give rise to significant changes from the preliminary 
designs shown here. Thus, the student, if asked to perform a 
detailed process design of these (or other) processes, should 
take the current designs as only a starting point and should be 
prepared to do further research into the process to ensure that a 
more accurate and deeper understanding of the factors involved 
is obtained. 

Following is a list of the sections and projects discussed in 
this appendix: 

B.1 Dimethyl Ether (DME) Production, Unit 200 

B.2 Ethylbenzene Production, Unit 300 

B.3 Styrene Production, Unit 400 

B.4 Drying Oil Production, Unit 500 

B.5 Production of Maleic Anhydride from Benzene, 

Unit 600 
B.6 Ethylene Oxide Production, Unit 700 
B.7 Formalin Production, Unit 800 


B.8 Batch Production of L-Phenylalanine and L- 
Aspartic Acid, Unit 900 
B.9 Acrylic Acid Production via the Catalytic Partial 
Oxidation of Propylene, Unit 1000 
B.10 Production of Acetone via the Dehydrogenation 
of Isopropyl Alcohol (IPA), Unit 1100 
B.11 Production of Heptenes from Propylene and 
Butenes, Unit 1200 
B.12 Design of a Shift Reactor Unit to Convert CO to 


CO.,, Unit 1300 

B.13 Design of a Dual-Stage Selexol Unit to Remove 
CO, and H.S from Coal-Derived Synthesis Gas, 
Unit 1400 

B.14 Design of a Claus Unit for the Conversion of HS 
to Elemental Sulfur, Unit 1500 


B.15 Modeling a Downward-Flow, Oxygen-Blown, 
Entrained-Flow Gasifier, Unit 1600 


B.1 DIMETHYL ETHER (DME) 
PRODUCTION, UNIT 200 


DME is used primarily as an aerosol propellant. It is miscible 
with most organic solvents, has a high solubility in water, and is 
completely miscible in water and 6% ethanol [1]. Recently, the 
use of DME as a fuel additive for diesel engines has been 
investigated due to its high volatility (desirable for cold starting) 
and high cetane number. The production of DME is via the 
catalytic dehydration of methanol over an acid zeolite catalyst. 
The main reaction is 


2CH30H —> (CH3),O + H20 
methanol DME 


(B.1.1) 


In the temperature range of normal operation, there are no 
significant side reactions. 


B.1.1 Process Description 


A preliminary process flow diagram for a DME process is shown 
in Figure B.1.1, in which 50,000 metric tons per year of 99.5 
wt% purity DME product is produced. Due to the simplicity of 
the process, an operating factor greater than 0.95 (8375 h/y) is 
used. 


V-201 E-201 E-203 1-201 E-204 E-205 V-202 P-202A/B E-206 T-202 E-207 V-203 P-203A/B E-208 
Feed Methanol DME DME DME DME DME DMEReflux Methanol Methanol Methanol Methanol Methanol Wastewater 
Vessel Preheater Cooler Tower Reboiler Condenser Reflux Pumps Reboiler Tower Condenser Reflux Pumps Cooler 
P-201A/B £202 © R-201 Drum Drum 
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Figure B.1.1 Unit 200: Dimethyl Ether Process Flow 
Diagram 


Fresh methanol, Stream 1, is combined with recycled 
reactant, Stream 13, and vaporized prior to being sent to a fixed- 


bed reactor operating between 250°C and 370°C. The single- 
pass conversion of methanol in the reactor is 80%. The reactor 
effluent, Stream 7, is then cooled prior to being sent to the first 
of two distillation columns: T-201 and T-202. DME product is 
taken overhead from the first column. The second column 
separates the water from the unused methanol. The methanol is 
recycled back to the front end of the process, and the water is 
sent to wastewater treatment to remove trace amounts of 
organic compounds. 

Stream summaries, utility summaries, and equipment 
summaries are presented in Tables B.1.1—-B.1.3. 


Table B.1.1 Stream Table for Unit 200 


Stream 

Number 1 2 3 4 5 6 7 
Temperature 25 25 45 154 250 365 278 
(°C) 

Pressure 1.0 15.5 15.2 15.1 14.7 13.9 13.8 
(bar) 

Vapor 0.0 0.0 0.0 1.0 1.0 1.0 1.0 
fraction 

Mass flow 8.37 8.37 10.49 10.49 10.49 10.49 10.49 
(tonne/h) 

Mole flow 262.2 262.2 328.3 328.3 328.3 328.3 328.3 
(kmol/h) 

Component 

flowrates 

(kmol/h) 

Dimethyl 0.0 0.0 1.44 1.44 1.44 130.63 130.63 
ether 

| Methanol 259.7 259.7 323.24 323.24 323.24 64.85 64.85 
| water 2.5 2.5 3.80 3.80 3.80 133.00 133.00 
Stream 

Number 9 10 11 12 13 14 15 


Temperature 89 
CC) 


45.8 151.8 138 118 166 50 


Pressure 


(bar) 


10.4 11.4 11.2 7.4 15.5 7.4 1.2 


Vapor 
fraction 


0.252 0.0 0.0 0.04 0.0 0.0 0.0 


Mass flow 
(tonne/h) 


10.49 5.98 4.52 4.51 2.39 2.39 


328.3 130.0 198.5 198.5 66.1 132.4 132.4 


(kmol/h) 


Component 
flowrates 
(kmol/h) 


Dimethyl 
ether 


130.63 129.20 1.44 1.44 1.44 0.00 0.00 


Methanol 64.85 0.60 64.25 64.25 63.54 0.71 


| Mole flow 
| 0.71 


8 

100 

13.4 

0.08 

10.49 

328.3 

130.63 

64.85 

133.00 

16 17 

46 118 
10.3 7.3 
0.0 0.0 
3.32 9.71 
72.2 302.6 
71.9 6.4 
0.3 290.2 


| Water 133.00 0.01 132.99 132.99 1.30 131.69 
Table B.1.2 Utility Summary Table for Unit 200 
E-201 E-203 E-204 E-205 E-206 E-207 E-208 
| mps cw mps cw mps cw cw | 
7192 286,800 1256 83,940 6130 294,250 28,250 
kg/h kg/h kg/h kg/h kg/h kg/h kg/h 


Table B.1.3 Major Equipment Summary for Unit 200 


Heat Exchangers 


| E-201 
| A=99.4 m’ 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in tubes 


Q = 14,400 MJ/h 


Maximum pressure rating of 15 
bar 


| E-202 
| A = 171.0 m? 


Floating head, carbon steel, shell- 
and-tube design 


| Process stream in tubes and shell 
| Q = 2030 MJ/h 


Maximum pressure rating of 15 
bar 


| A =101.8 m” 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in shell 


Q = 11,980 MJ/h 


Maximum pressure rating of 14 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in shell 


Q = 2490 MJ/h 


Maximum pressure rating of 11 
bar 


E-205 
A =100.6 m" 


Fixed head, carbon steel, shell- 
and-tube design 


Process stream in shell 
Q = 3580 MJ/h 


Maximum pressure rating of 10 
bar 


E-206 
A = 83.0 m? 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in shell 


Q = 12,180 MJ/h 


bar 
E-207 
A= 22.7mm" 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in shell 
Q = 12,360 MJ/h 


Maximum pressure rating of 7 bar 


E-208 
A=22.8m 


Maximum pressure rating of 11 | 
Floating head, carbon steel, shell- 
and-tube design 

Process stream in shell | 
Q = 1180 MJ/h | 


Maximum pressure rating of 8 bar 


Pumps 


| P-201 A/B 
| Reciprocating/electric drive 


| Carbon steel 


P-202 A/B | 
Centrifugal/electric drive | 


Carbon steel | 


Power = 7.2 kW (actual) 
60% efficient 


Pressure out = 15.5 bar 


Centrifugal/electric drive 
Carbon steel 
Power = 1.0 kW (actual) 


| P-202 A/B 
| 40% efficient 


Pressure out = 11.4 bar 


Power = 5.2 kW (actual) 
40% efficient 


Pressure out = 16 bar 


Reactor 
R-201 


Carbon steel 


Packed-bed section 13.3 m high 
filled with catalyst 

| Diameter = 1.33 m 

| Height = 15m 


Maximum pressure rating of 14.7 
bar 


Towers 


T-201 


Carbon steel 


| 
| 
| 22 SS valve trays plus reboiler and 
condenser 

| 24-in tray spacing 

| Column height = 15.8 m 

| Diameter = 0.79 m 


Maximum pressure rating of 10.6 
bar 


T-202 


Carbon steel 


| 
| 
26 SS valve trays plus reboiler and | 
condenser 

18-in tray spacing | 
Column height = 14.9 m | 
Diameter = 0.87 m | 


Maximum pressure rating of 7.3 
bar 


Vessels 


V-201 
Horizontal 
Carbon steel 
Length = 3.42 m 


Diameter = 1.14 m 


bar 

V-202 
Horizontal 
Carbon steel 
Length = 2.89 m 


| Maximum pressure rating of 1.1 
| Diameter = 0.98 m 


Maximum pressure rating of 10.3 
bar 


V-203 

Horizontal 

Carbon steel 
Length = 2.53 m 
Diameter = 0.85 m 


Maximum pressure rating of 7.3 
bar 


B.1.2 Reaction Kinetics 


The reaction taking place is mildly exothermic with a standard 
heat of reaction, AHyege(25°C) = -11,770 kJ/kmol. The 
equilibrium constant for this reaction at three different 
temperatures is given in Table B.1.4. 


Table B.1.4 Equilibrium Constant for Methanol 
Dehydration Reaction 


| 473 K (200°C) 33.8 | 
| 573 K (300°C) 12.4 | 


673 K (400°C) 6.17 


Using the data in Table B.1.4, the equilibrium constant (K) 
can be fitted to the following equation, 


K = 0.1103 exp | T | . The corresponding equilibrium 


conversions for pure methanol feed over the above temperature 
range are greater than 80%. 


The reaction takes place on an amorphous alumina catalyst 
treated with 10.2% silica. There are no significant side reactions 
at less than 400°C. The form of the kinetics is given by Berićić 
and Levec [2]: 

HOH K 


C C 
10 -2544 [ m2 (CH3),0 Cm0 
1.37 x 10° exp =r Re | 


e 


[1 + 46.4 x 107° exp #305 O25, oy +84.7 


4 
—3 42152 
x 10 exp #2182. Omo] 


(B.1.2) 


In Equation (B.1.2), r is in kmol/m°-reactor/h, the energy 
terms in the exponentials are in kJ/kmol, and C; is in kmol/m°. 


Significant catalyst deactivation occurs at temperatures 
greater than 400°C, and the reactor should be designed so that 
this temperature is not exceeded anywhere in the reactor. The 
design given in Figure B.1.1 uses a single packed bed of catalyst, 
which operates adiabatically. The temperature exotherm 
occurring in the reactor of 118°C is probably on the high side 
and gives an exit temperature of 368°C. However, the single- 
pass conversion is quite high (80%), and the low reactant 
concentration at the exit of the reactor tends to limit the 
possibility of a runaway. 

In practice the catalyst bed might be split into two sections, 
with an intercooler between the two beds. This has an overall 
effect of increasing the volume (and cost) of the reactor and 
should be investigated if catalyst damage is expected at 
temperatures lower than 400°C. In-reactor cooling (shell-and- 
tube design) and cold quenching by splitting the feed and 
feeding at different points in the reactor could also be 
investigated as viable alternative reactor configurations. 


B.1.3 Simulation (CHEMCAD) Hints 


The DME-water binary system exhibits two liquid phases when 
the DME concentration is in the 34% to 93% range [1]. 
However, upon addition of 6% or more alcohol, the mixture 
becomes completely miscible over the complete range of DME 
concentration. In order to ensure that this nonideal behavior is 
simulated correctly, it is recommended that binary vapor-liquid 
equilibrium (VLE) data for the three pairs of components be 
used in order to regress binary interaction parameters (BIPs) 
for a UNIQUAC/UNIFAC thermodynamics model. If VLE data 
for the binary pairs are not used, then UNIFAC can be used to 
estimate BIPs, but these should be used only as preliminary 
estimates. As with all nonideal systems, there is no substitute 
for designing separation equipment using data regressed from 
actual (experimental) VLE. 


B.1.4 References 


1. 
https: //www.chemours.com/Propellants/en_US/assets/downloads/hp- 
dme-technical-information.pdf 
2. Berci¢, Gorazd, and Janez Levec. “Catalytic Dehydration of 
Methanol to Dimethyl Ether, Kinetic Investigation and 
Reactor Simulation,” Ind. Eng. Che. Res. 32 (1993): 2478- 
2484. 


B.2 ETHYLBENZENE PRODUCTION, UNIT 
300 


The majority of ethylbenzene (EB) processes produce EB for 
internal consumption within a coupled process that produces 
styrene monomer. The facility described here produces 80,000 
tonne/y of 99.8 mol% ethylbenzene that is totally consumed by 
an on-site styrene facility. As with most EB/styrene facilities, 
there is significant heat integration between the two plants. In 
order to decouple the operation of the two plants, the energy 
integration is achieved by the generation and consumption of 
steam within the two processes. The EB reaction is exothermic, 
so steam is produced, and the styrene reaction is endothermic, 
so energy is transferred in the form of steam. 


B.2.1 Process Description [1, 2] 


The PFD for the EB process is shown in Figure B.2.1. A refinery 
cut of benzene is fed from storage to an on-site process vessel 
(V-301), where it is mixed with the recycled benzene. From V- 
301, it is pumped to a reaction pressure of approximately 2000 
kPa (20 atm) and sent to a fired heater (H-301) to bring it to 
reaction temperature (approximately 400°C). The preheated 
benzene is mixed with feed ethylene just prior to entering the 
first stage of a reactor system consisting of three adiabatic 
packed-bed reactors (R-301 to R-303), with interstage feed 
addition and cooling. Reaction occurs in the gas phase and is 
exothermic. The hot, partially converted reactor effluent leaves 


the first packed bed, is mixed with more feed ethylene, and is 
fed to E-301, where the stream is cooled to 380°C prior to 
passing to the second reactor (R-302), where further reaction 
takes place. High-pressure steam is produced in E-301, and this 
steam is subsequently used in the styrene unit. The effluent 
stream from R-302 is similarly mixed with feed ethylene and is 
cooled in E-302 (with generation of high-pressure steam) prior 
to entering the third and final packed-bed reactor, R-303. The 
effluent stream leaving the reactor contains products, by- 
products, unreacted benzene, and small amounts of unreacted 
ethylene and other noncondensable gases. The reactor effluent 
is cooled in two waste-heat boilers (E-303 and E-304), in which 
high-pressure and low-pressure steam, respectively, is 
generated. This steam is also consumed in the styrene unit. The 
two-phase mixture leaving E-304 is sent to a trim cooler (E- 
305), where the stream is cooled to 80°C, and then to a two- 
phase separator (V-302), where the light gases are separated 
and, because of the high ethylene conversion, are sent overhead 
as fuel gas to be consumed in the fired heater. The condensed 
liquid is then sent to the benzene tower, T-301, where the 
unreacted benzene is separated as the overhead product and 
returned to the front end of the process. The bottoms product 
from the first column is sent to T-302, where product EB (at 
99.8 mol% and containing less than 2 ppm diethylbenzene 
[DEB]) is taken as the top product and is sent directly to the 
styrene unit. The bottoms product from T-302 contains all the 
DEB and trace amounts of higher ethylbenzenes. This stream is 
mixed with recycle benzene and passes through the fired heater 
(H-301) prior to being sent to a fourth packed-bed reactor (R- 
304), in which the excess benzene is reacted with the DEB to 
produce EB and unreacted benzene. The effluent from this 
reactor is mixed with the liquid stream entering the waste-heat 
boiler (E-303). 
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Figure B.2.1 Unit 300: Ethylbenzene Process Flow Diagram 


Stream summary tables, utility summary tables, and major 
equipment specifications are shown in Tables B.2.1—B.2.3. 


Table B.2.1 Stream Table for Unit 300 


Stream 
Number 
Temperature 25.0 25.0 58.5 25.0 
(°C) 

| Pressure (kPa) 110.0 2000.0 110.0 2000.0 
Vapor mole 0.0 1.0 0.0 1.0 
fraction 
Total kg/h 7761.3 2819.5 17,952.2 845.9 
Total kmol/h 99.0 100.0 229.2 30.0 


11 


18,797.9 


259.2 


27.90 | 


12 


| 
| 
| 
| Ethylene 0.00 93.00 0.00 27.90 
| Ethane 0.00 7.00 0.00 2.10 
| Propylene 0.00 0.00 0.00 0.00 
| Benzene 97.00 0.00 226.51 0.00 
| Toluene 2.00 0.00 2.00 0.00 
| Ethylbenzene 0.00 0.00 0.70 0.00 
1,4- 0.00 0.00 0.00 0.00 
Diethylbenzene 
Stream 
Number 7 8 9 10 
Temperature 444.1 380.0 453.4 25.0 
(°C) 
| Pressure (kPa) 1970.0 1960.0 1945.0 2000.0 
Vapor mole 1.0 1.0 1.0 1.0 
fraction 
Total kg/h 18,797.9 19,784.7  19,784.7 986.8 
Total kmol/h 234.0 269.0 236.4 35.0 


380.0 


1935.0 


1.0 


20,771.5 


271.4 


33-17 
7.00 
2.00 
174.96 
0.0026 
49.95 


4.29 


17 


449.2 


1920.0 


18 


| Ethylene 0.85 33.40 0.62 32.55 
| Ethane 2.10 4.55 4.55 2.45 
| Propylene 1.83 1.81 2.00 0.00 
| Benzene 203.91 203.91 174.96 0.00 
| Toluene 0.19 0.19 0.0026 0.00 
| Ethylbenzene 24.28 24.28 49.95 0.00 
1,4- 0.87 0.87 4.29 0.00 
Diethylbenzene 
Stream 
Number 13 14 15 16 
Temperature 497.9 458.1 73.6 73.6 
(°C) 
| Pressure (kPa) 1988.0 1920.0 110.0 110.0 
Vapor mole 1.0 1.0 1.0 0.0 
fraction 
Total kg/h 4616.5 25,387.9 1042.0 24,345.9 


| Total kmol/h 51.3 290.0 18.6 271.4 
i} 


81.4 


105.0 


0.0 


13,3215 


170.2 


145.4 


120.0 


Component flowrates (kmol/h) 


0.00 


0.00 


0.17 


0.00 


90.63 


10.35 


0.00 | 


| Ethylene 0.00 0.54 0.54 0.00 0.00 
| Ethane 0.00 7.00 7.00 0.00 0.00 
| Propylene 0.00 2.00 2.00 0.00 0.00 
| Benzene 29.50 177.85 8.38 169.46 169.23 
| Toluene 0.00 0.00 0.00 0.00 0.00 
| Ethylbenzene 21.69 92.25 0.71 91.54 0.92 
1,4- 0.071 10.37 0.013 10.35 0.00 
Diethylbenzene 
Stream 
Number 19 20 21 22 23 
Temperature 139.0 191.1 82.6 82.6 121.4 
(°C) 
| Pressure (kPa) 110.0 140.0 2000.0 2000.0 2000.0 
Vapor mole 0.0 0.0 0.0 0.0 0.0 
fraction 
| Total kg/h 9538.6 1485.9 10,190.9 3130.6 4616.5 
Total kmol/h 89.9 11.3 130.2 40.0 51.3 


Component flowrates (kmol/h) 


| Ethylene 0.00 0.00 0.00 0.00 0.00 

| Ethane 0.00 0.00 0.00 0.00 0.00 

| Propylene 0.00 0.00 0.00 0.00 0.00 

| Benzene 0.17 0.00 129.51 39.78 39.78 

| Toluene 0.00 0.00 0.00 0.00 0.00 

| Ethylbenzene 89.72 0.91 0.70 0.22 1.12 
1,4- 0.0001 10.35 0.00 0.00 10.35 
Diethylbenzene 


Table B.2.2 Utility Summary Table for Unit 300 


Stream bfw to bfw to bfw to bfw to cw to 
Name E-301 E-302 E-303 E-304 E-305 


Flowrate 851 1121 4341 5424 118,300 
(kg/h) 


Stream Ips to cw to hps to cw to 
Name E-306 E-307 E-308* E-309 


Flowrate 4362 174,100 3124 125,900 
(kg/h) 


“Throttled and desuperheated at exchanger 


Table B.2.3 Major Equipment Summary for Unit 300 


Heat Exchangers 


| E-301 E-306 | 


| A=62.6m- A=57.8 m" | 


1-2 exchanger, floating head, 
stainless steel 


Process stream in tubes 
Q = 1967 MJ/h 


Maximum pressure rating of 2200 
kPa 


E-302 
A=80.1 m" 


1-2 exchanger, floating head, 
stainless steel 


Process stream in tubes 
Q = 2592 MJ/h 


Maximum pressure rating of 2200 
kPa 


E-303 
A= 546 m’ 


1-2 exchanger, floating head, 
stainless steel 


Process stream in tubes 
Q = 10,080 MJ/h 


Maximum pressure rating of 2200 
kPa 


E-304 
A = 1567 m? 


1-2 exchanger, fixed head, carbon 
steel 


Process stream in tubes 
Q = 12,367 MJ/h 


Maximum pressure rating of 2200 
kPa 


E-305 
A=348 m’ 


1-2 exchanger, floating head, 
carbon steel 


Process stream in shell 
Q = 4943 MJ/h 


Maximum pressure rating of 2200 
kPa 


1-2 exchanger, fixed head, carbon 
steel 


Process stream in shell 
Q = 9109 MJ/h 


Maximum pressure rating of 200 
kPa 


E-307 
A= 54.6 m’? 


1-2 exchanger, floating head, 
carbon steel 


Process stream in shell 
Q = 7276 MJ/h 


Maximum pressure rating of 200 
kPa 


E-308 
A=22.6m 


1-2 exchanger, fixed head, carbon 
steel 


Process stream in shell 
Q = 5281 MJ/h 


Maximum pressure rating of 200 
kPa 


E-309 
A=17.5 m” 


1-2 exchanger, floating head, 
carbon steel 


Process stream in shell 
Q = 5262 MJ/h 


Maximum pressure rating of 200 
kPa 


Fired Heater 
H-301 
Required heat load = 22,376 MJ/h 


Design (maximum) heat load = 
35,000 MJ/h 


Tubes = Stainless steel 
75% thermal efficiency 


Maximum pressure rating of 2200 
kPa 


Pumps 
P-301 A/B 


Positive displacement/electric 
drive 


Carbon steel 

Actual power = 15 kW 
Efficiency 75% 

P-302 A/B 


Centrifugal/electric drive 


Carbon steel 

Actual power = 1kW 
Efficiency 75% 

P-303 A/B 
Centrifugal/electric drive 
Carbon steel 


Actual power = 1kW 


Efficiency 75% 


P-304 A/B 


Centrifugal/electric drive 


Carbon steel 

Actual power = 1.4 kw 
Efficiency 80% 

P-305 A/B 


Positive displacement/electric 
drive 


Carbon steel 
Actual power = 2.7 kW 


Efficiency 75% 


Reactors 
R-301 


316 stainless steel packed bed, 
ZSM-5 molecular sieve catalyst 


V=20m° 
11 m long, 1.72 m diameter 


Maximum pressure rating of 2200 
kPa 


Maximum allowable catalyst 
temperature = 500°C 


R-302 


316 stainless steel packed bed, 
ZSM-5 molecular sieve catalyst 


V=25 m? 
12 m long, 1.85 m diameter 


Maximum pressure rating of 2200 
kPa 


Maximum allowable catalyst 
temperature = 500°C 


R-303 


316 stainless steel packed bed, 
ZSM-5 molecular sieve catalyst 


V=30 m? 
12 m long, 1.97 m diameter 


Maximum pressure rating of 2200 
kPa 


Maximum allowable catalyst 
temperature = 500°C 


R-304 


316 stainless steel packed bed, 
ZSM-5 molecular sieve catalyst 


V= 1.67 m? 
5m long, 0.95 m diameter 


Maximum pressure rating of 2200 
kPa 


Maximum allowable catalyst 
temperature = 525°C 


Towers 
T-301 
Carbon steel 


45 SS sieve trays plus reboiler and 
total condenser 


42% efficient trays 
Feed on tray 19 


Additional feed ports on trays 14 
and 24 


T-302 
Carbon steel 


76 SS sieve trays plus reboiler and 
total condenser 


45% efficient trays 
Feed on tray 56 


Additional feed ports on trays 50 
and 62 


Reflux ratio = 0.3874 
24-in tray spacing 
Column height = 27.45 m 


Diameter = 1.7m 


Maximum pressure rating of 300 


kPa 


Reflux ratio = 0.6608 
15-in tray spacing 
Column height = 28.96 m 


Diameter = 1.5m 


Maximum pressure rating of 300 


kPa 


Vessels 


V-301 
Carbon steel 
Horizontal 
L/D=5 
V=7 m? 


Maximum operating pressure = 
250 kPa 


Carbon steel with SS demister 
Vertical 

L/D =3 

V=10m° 


Maximum operating pressure = 
250 kPa 


V-303 

Carbon steel 

Horizontal 

L/D=3 

v= 3 
=7.7m 


Maximum operating pressure = 
300 kPa 


V-304 
Carbon steel 
Horizontal 
L/D=3 
V=6.2 m” 


Maximum operating pressure = 
300 kPa 


| V-302 


B.2.2 Reaction Kinetics 
The production of EB takes place via the direct addition 
reaction between ethylene and benzene: 


Cs He + C2H4 — Ce Hs C2 Hs 


benzene ethylene ethylbenzene 


(B.2.1) 


The reaction between EB and ethylene to produce DEB also 
takes place: 


Cs H5CoHs + CoH, > Cs H4(C2Hs ), 


ethylbenzene ethylene diethylbenzene 


(B.2.2) 


Additional reactions between DEB and ethylene yielding 
triethylbenzene (and higher) are also possible. However, in 


order to minimize these additional reactions, the molar ratio of 


benzene to ethylene is kept high, at approximately 8:1. The 
production of DEB is undesirable, and its value as a side 


product is low. In addition, even small amounts of DEB in EB 


cause significant processing problems in the downstream 


styrene process. Therefore, the maximum amount of DEB in EB 


is specified as 2 ppm. In order to maximize the production of 


the desired EB, the DEB is separated and returned to a separate 


reactor in which excess benzene is added to produce EB via the 


following equilibrium reaction: 


Cs H4 (C2 H5); + Cs He = 2C H; Co H5 


diethylbenzene benzene ethylbenzene 


(B.2.3) 


The incoming benzene contains a small amount of toluene 
impurity. The toluene reacts with ethylene to form ethyl 
benzene and propylene: 


Cs H5C'H3 + 2Co Hi —> Ce H5Co H5 + C3 He 


toluene ethylbenzene propylene 


(B.2.4) 


The reaction kinetics derived for a new catalyst are given as 


ee „œa —Ei/RT ma b c d e 
Thi = ko,i e ethylene Crp Caen Cn Corp 
(B.2.5) 


where 7 is the reaction number above (B.2.1), and the following 
relationships pertain: 


i E; kcal/kmol Koj a b c d e 
6 

1 22,500 1.00 x 10 1 o o 1 o 

2 22,500 6.00 x 10° 1 1 o o o 
6 

3 25,000 7.80 x 10 (0) (0) (0) 1 1 
8 

4 20,000 3.80 x 10 2 o 1 o o 


The units of r; are kmol/s/m° reactor, the units of C; are 


kmol/m? gas, and the units of ko,i vary depending upon the form 
of the equation. 


B.2.3 Simulation (CHEMCAD) Hints 


ACHEMCAD simulation is the basis for the design. The 
thermodynamics models used were K-val = UNIFAC and 
Enthalpy = Latent Heat. 

It should be noted that in the simulation a component 
separator was placed after the high-pressure flash drum (V- 
302) in order to remove noncondensables from Stream 16 prior 
to entering T-301. This is done in order to avoid problems in 
simulating this tower. In practice, the noncondensables would 
be removed from the overhead reflux drum, V-303, after 
entering T-301. 

As a first approach, both towers were simulated as Shortcut 
columns in the main simulation, but subsequently each was 
simulated separately using the rigorous TOWER module. Once 
the rigorous TOWER simulations were completed, they were 
substituted back into the main flowsheet and the simulation was 
run again to converge. A similar approach is recommended. The 
rigorous TOWER module provides accurate design and 
simulation data and should be used to assess column operation, 
but using the shortcut simulations in the initial trials speeds up 
overall conversion of the flowsheet. 


B.2.4 References 


1. William J. Cannella, “Xylenes and Ethylbenzene,” Kirk- 
Othmer Encyclopedia of Chemical Technology, online 
version (New York: John Wiley & Sons, 2006). 


2. McKetta, J. J. (ed). “Ethylbenzene,” Encyclopedia of 
Chemical Processing and Design, Vol. 20, (New York: 
Marcel Dekker, 1984), 77-88. 


B.3 STYRENE PRODUCTION, UNIT 400 


Styrene is the monomer used to make polystyrene, which has a 
multitude of uses, the most common of which are in packaging 
and insulated Styrofoam beverage cups. Styrene is produced by 
the dehydrogenation of ethylbenzene. Ethylbenzene is formed 
by reacting ethylene and benzene. There is very little 
ethylbenzene sold commercially, because most ethylbenzene 
manufacturers convert it directly into styrene. 


B.3.1 Process Description [1, 2] 


The process flow diagram is shown in Figure B.3.1. 
Ethylbenzene feed is mixed with recycled ethylbenzene, heated, 
and then mixed with high-temperature, superheated steam. 
Steam is an inert in the reaction, which drives the equilibrium 
shown in Equation (B.3.1) to the right by reducing the 
concentrations of all components. Because styrene formation is 
highly endothermic, the superheated steam also provides 
energy to drive the reaction forward. Decomposition of 
ethylbenzene to benzene and ethylene, and hydrodealkylation to 
give methane and toluene, are unwanted side reactions shown 
in Equations (B.3.2) and (B.3.3). The reactants then enter two 
adiabatic packed beds with interheating. The products are 
cooled, producing steam from the high-temperature reactor 
effluent. The cooled product stream is sent to a three-phase 
separator, in which light gases (hydrogen, methane, ethylene), 
organic liquid, and water exit in separate streams. The hydrogen 
stream is further purified as a source of hydrogen elsewhere in 
the plant. The benzene/toluene stream is currently returned as 
a feed stream to the petrochemical facility. The organic stream 
containing the desired product is distilled once to remove the 
benzene and toluene and distilled again to separate unreacted 
ethylbenzene for recycle from the styrene product. 
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Figure B.3.1 Unit 400: Styrene Process Flow Diagram 


1 
Cs H5Co H; = CsHsC,H3+ Ho 


ethylbenzene styrene hydrogen 
(B.3.1) 
3 
Cs Hs C2H5 + Ce He + C2H4 
ethylbenzene benzene ethylene 
(B.3.2) 
4 
Cs H Co Hs +H >C HCH; + CH, 
ethylbenzene hydrogen toluene methane 
(B.3.3) 


temperature is maintained at less than 125°C, there is no 


The styrene product can spontaneously polymerize at higher 
temperatures. Because product styrene is sent directly to the 
polymerization unit, experience suggests that as long as its 


spontaneous polymerization problem. Because this is less than 
styrene’s normal boiling point, and because low pressure pushes 
the equilibrium in Equation (B.3.1) to the right, much of this 


process is run at vacuum. 


Stream tables, utility summaries, and major equipment 
summaries are given in Tables B.3.1, B.3.2, and B.3.3, 
respectively. 


Table B.3.1 Stream Tables for Unit 400 


Stream 

Number 1 2 3 4 5 
Temperature 136.0 116.0 240.0 253.7 800.0 
(°C) 

Pressure 200.0 190.0 170.0 4237.0 4202.0 
(kPa) 

Vapor mole 0.00 0.00 1.00 1.00 1.00 
fraction 

Total flow 13,052.2 23,965.1 23,9065.1 72,353.7 72,353-7 
(kg/h) 

Total flow 123.42 226.21 226.21 4016.30 4016.30 
(kmol/h) 


Component Flowrates (kmol/h) 


Water 0.00 0.00 0.00 4016.30 4016.30 
Ethylbenzene 121.00 223.73 223.73 0.00 0.00 
Styrene 0.00 0.06 0.06 0.00 0.00 
Hydrogen 0.00 0.00 0.00 0.00 0.00 
Benzene 1.21 1.21 1.21 0.00 0.00 
Toluene 1.21 1.21 1.21 0.00 0.00 
Ethylene 0.00 0.00 0.00 0.00 0.00 
Methane 0.00 0.00 0.00 0.00 0.00 
Stream 

Number 6 7 8 9 10 
Temperature 722.0 566.6 504.3 550.0 530.1 
(°C) 

Pressure 170.0 160.0 150.0 135.0 125.0 
(kPa) 

Vapor mole 1.00 1.00 1.00 1.00 1.00 
fraction 

Total flow 54,045.0 78,010.2 78,010.2 78,010.2 78,010.2 
(kg/h) 

Total flow 3000.00 3226.21 3317.28 3317.28 3346.41 
(kmol/h) 

Component Flowrates (kmol/h) 

Water 3000.00 3000.00 3000.00 3000.00 3000.00 
Ethylbenzene 0.00 223.73 132.35 132.35 102.88 
Styrene 0.00 0.06 91.06 91.06 120.09 
Hydrogen 0.00 0.00 90.69 90.69 119.38 
Benzene 0.00 1.21 1.28 1.28 1.37 
Toluene 0.00 1.21 1.52 1.52 1.86 
Ethylene 0.00 0.00 0.07 0.07 0.16 
Methane 0.00 0.00 0.31 0.31 0.65 
Stream 

Number 11 12 13 14 15 
Temperature 267.0 180.0 65.0 65.0 65.0 
(°C) 

Pressure 110.0 95.0 80.0 65.0 65.0 
(kPa) 

Vapor mole 1.00 1.00 0.15 1.00 0.00 
fraction 

Total flow 78,010.2 + 78,010.2 78,010.2 255.6 54,045.0 
(kg/h) 

Total flow 3346.41 3346.41 3346.41 120.20 3000.00 
(kmol/h) 

Component Flowrates (kmol/h) 

Water 3000.00 3000.00 3000.00 0.00 3000.00 
Ethylbenzene 102.88 102.88 102.88 0.00 0.00 
Styrene 120.09 120.09 120.09 0.00 0.00 
Hydrogen 119.38 119.38 119.38 119.38 0.00 


Benzene 
Toluene 

Ethylene 
Methane 


Stream 
Number 


Temperature 
(°C) 
Pressure 


(kPa) 


Vapor mole 
fraction 


Total flow 
(kg/h) 


Total flow 
(kmol/h) 


65.0 


65.0 


0.00 


23,709.6 


226.21 


137 
1.86 


0.16 


0.65 


17 


69.9 


45.0 


0.00 


289.5 


3.34 


Component Flowrates (kmol/h) 


Water 
Ethylbenzene 
Styrene 
Hydrogen 
Benzene 
Toluene 
Ethylene 
Methane 


Stream 
Number 


Temperature 
(°C) 
Pressure 


(kPa) 


Vapor mole 
fraction 


Total flow 
(kg/h) 


Total flow 
(kmol/h) 


0.00 
102.88 
120.09 
0.00 


1.37 
1.86 
0.00 


0.00 


21 


123.8 


200.0 


0.00 


12,507.1 


120.08 


0.00 
0.10 

0.00 
0.00 


1.37 
1.86 
0.00 


0.00 


22 


65.0 


200.0 


0.00 


54,045.0 


3000.00 


Component Flowrates (kmol/h) 


Water 
Ethylbenzene 
Styrene 
Hydrogen 
Benzene 
Toluene 
Ethylene 


Methane 


0.00 


0.05 


120.03 


0.00 


0.00 


0.00 


0.00 


0.00 


3000.00 


0.00 


0.00 


0.00 


0.00 


0.00 


0.00 


0.00 


1.37 
1.86 


0.16 


0.65 


18 


125.0 


65.0 


0.00 


23,420.0 


222.88 


0.00 
102.78 
120.09 
0.00 
0.00 
0.00 
0.00 


0.00 


23 


202.2 


140.0 


255.6 


120.20 


0.00 
0.00 
0.00 
119.38 
0.00 
0.00 
0.16 


0.65 


0.00 
0.00 
0.16 


0.65 


19 


90.8 


25.0 


0.00 


10,912.9 


102.79 


0.00 
102.73 
0.06 
0.00 
0.00 
0.00 
0.00 


0.00 


24 


91.0 


200.0 


0.00 


10,912.9 


102.79 


0.00 
102.73 
0.06 
0.00 
0.00 
0.00 
0.00 


0.00 


0.00 
0.00 
0.00 


0.00 


20 


123.7 


55-0 


0.00 


12,507.1 


120.08 


0.00 
0.05 
120.03 
0.00 
0.00 
0.00 
0.00 


0.00 


25 


800.0 


4202.0 


1016.30 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 


0.00 


Stream 26 
Number 


Temperature 70.0 
(°C) 


Pressure 200.00 
(kPa) 


Vapor mole 0.00 
fraction 


Total flow 289.5 
(kg/h) 


Total flow 3.34 


Water 0.00 


Ethylbenzene 0.10 


Styrene 0.00 
Benzene 1.37 
Toluene 1.86 
Ethylene 0.00 
Methane 0.00 


| Hydrogen 0.00 


Table B.3.2 Utility Summary for Unit 400 


E-401 E-403 E-404 E-405 
hps bfw to hps bfw to Ips cw 

| 7982 kg/h 18,451kg/h 5562 kg/h 3,269,746 kg/h | 
E-406 E-407 E-408 E-409 


cw Ips cw Ips 


| 309,547 kg/h 7550 kg/h 1,105,980 kg/h 21,811 kg/h | 


Table B.3.3 Major Equipment Summary for Unit 400 


Compressors and Drives 


| C-401 D-401 A/B | 

| Carbon steel Electric/explosion proof | 

| W = 134 kW W = 136.7 kw | 
60% adiabatic efficiency 98% efficiency 


Heat Exchangers* 


E-402 E-407 


| E-401 E-406 | 

| Carbon steel Carbon steel | 

| A =260 m? A=173 m" | 

Boiling in shell, condensing in Process fluid in shell, cooling | 
tubes water in tubes 

1 shell——2 tube passes 1 shell——2 tube passes | 

| 

| 

| 


| Q = 13,530 MJ/h Q = 12,951 MJ/h 
| 


316 stainless steel 


Boiling in shell, process fluid in 
tubes 


1 shell——2 tube passes 


Q = 8322 MJ/h 
E-403 

316 stainless steel 
A=1457m 


Boiling in shell, process fluid in 
tubes 


1 shell——2 tube passes 


Q = 44,595 MJ/h 
E-404 


Carbon steel 


Boiling in shell, process fluid in 
tubes 


1 shell——2 tube passes 


Q = 13,269 MJ/h 


E-405 

316 stainless steel 

A= 1446 m? 

ew in shell, process fluid in tubes 


1 shell——2 tube passes 


Q = 136,609 MJ/h 


Carbon steel 
A=64m 


Steam in shell, steam condensing 
in tubes 


Desuperheater——steam saturated 
at 150°C 


1 shell-—2 tube passes 
Q = 15,742 MJ/h 
E-408 

Carbon steel 


A = 385 m” 


Process fluid in shell, cooling 
water in tubes 


1 shell——2 tube passes 
Q = 46,274 MJ/h 
E-409 

Carbon steel 


A= 176 m? 


Boiling in shell, steam condensing 
in tubes 


Desuperheater——steam saturated 
at 150°C 


1 shell——2 tube passes 


Q = 45,476 MJ/h 


Fired Heater 
H-401 


Fired heater-refractory-lined, 
stainless-steel tubes 


Design Q = 23.63 MW 


Maximum Q = 25.00 MW 


Pumps 

P-401 A/B 
Centrifugal/electric drive 
Stainless steel 

W = 2.59 kW (actual) 
80% efficient 

P-402 A/B 
Centrifugal/electric drive 


Carbon steel 


P-404 A/B 
Centrifugal/electric drive 
Carbon steel 

W = 0.775 kW (actual) 
80% efficient 

P-405 A/B 
Centrifugal/electric drive 


Carbon steel 


W = 1.33 kW (actual) 


80% efficient 


W = 0.574 kW (actual) 


80% 


W = 0.825 kW (actual) 


efficient 


P-406 A/B 


Carbon steel 


W = 0.019 kW (actual) 


Centrifugal/electric drive 


80% efficient 80% efficient 
Reactors 
R-401 R-402 


Cylindrical catalyst pellet 
(diameter = 1.6 mm, length =3.2 


mm) 


V=25 m? 


9.26 m tall, 1.85 m diameter 


| 316 stainless steel, packed bed 


Void fraction = 0.4 


mm) 


Void fraction = 0.4 


V=25 m? 


316 stainless steel, packed bed 


Cylindrical catalyst pellet 
(diameter = 1.6 mm, length = 3.2 


9.26 m tall, 1.85 m diameter 


54% efficient 


Feed on tray 31 


12-in tray spacing 


| 61 sieve trays 
| 1-in weirs 


Column height = 61 ft = 18.6 m 


T-402 


Carbon steel 


D=6.9m 


158 bubble cap trays 


55% efficient 


Feed on tray 78 


6-in tray spacing 


1-in weirs 


Column height = 79 ft = 24.1m 


Vessels 


V-403 


Horizontal 


Carbon steel 


L/D 


=3 


Veen 


* See Figure B.3.1 and Table B.3.1 for shell-and tube-side pressures. 


B.3.2 Reaction Kinetics 


The styrene reaction may be equilibrium limited, and the 


equilibrium constant is given as Equation (B.3.4). 


K= (=) 
Yeb 


Ink = 15.5408 — 


14, 852.6 


T 


(B.3.4) 


where Tis in K and P is in bar. 


The equilibrium calculation is given as 


1 
Cs H5 C2 Hs A Cs H5C2 H; + H 
1 00 


l-x Lu 
total moles = N + 1+ x includes N moles of inert steam 


x’? P 


where P is in bar. 

Equation (B.3.5) can be used to generate data for 
equilibrium conversion, x, versus P, T, and N. 

The kinetic equations are adapted from Snyder and 
Subramaniam [3]. Subscripts on r refer to reactions in 
Equations (B.3.1)—(B.3.3), and the positive activation energy 
can arise from nonelementary kinetics; it is thought that 
perhaps these kinetics are an elementary approximation to 
nonelementary kinetics. 


RT 
(B.3.6) 


21, 708 
rı = 10.177 x 10 exp (- ) pa 


7804 
T2 = 20.965exp (Fr) PstyPhyd 


(B.3.7) 


RT 
(B.3.8) 


26857 
ra = 1.724 x 108exp (— 7577) pasting 


(B.3.9) 


49675 
ry = 7.206 x 10" exp ( -SET ) pu 


where p is in bar, T is in K, R = 1.987 cal/mol K, and r; is in 
mol/m°-reactor s. 

It may be assumed that the catalyst has a bulk density of 
1282 kg/m, an effective diameter of 25 mm, and a void fraction 
= 0.4. 


B.3.3 Simulation (CHEMCAD) Hints 


Results for the simulation given here were obtained using SRK 
as the K-value and enthalpy options in the thermodynamics 
package. 


B.3.4 References 


1. Shiou-Shan Chen, “Styrene,” Kirk-Othmer Encyclopedia of 
Chemical Technology, online version (New York: John 
Wiley & Sons, 2006). 


2. McKetta, J. J. (ed). “Styrene,” Encyclopedia of Chemical 


Processing and Design, Vol. 55 (New York: Marcel Dekker, 
1984), 197-217. 

3. Snyder, J. D., and B. Subramaniam, “A Novel Reverse Flow 
Strategy for Ethylbenzene Dehydrogenation in a Packed-Bed 
Reactor,” Chem. Engr. Sci. 49 (1994): 5585-5601. 


B.4 DRYING OIL PRODUCTION, UNIT 500 


Drying oils are used as additives to paints and varnishes to aid 
in the drying process when these products are applied to 
surfaces. The facility manufactures drying oil (DO) from 
acetylated castor oil (ACO). Both of these compounds are 
mixtures. However, for simulation purposes, acetylated castor 
oil is modeled as palmitic (hexadecanoic) acid (C,;H3,COOH) 
and drying oil is modeled as 1-tetradecene (C,,Hog). In an 
undesired side reaction, a gum can be formed, which is modeled 
as 1-octacosene (CagH-6). 


B.4.1 Process Description 


The process flow diagram is shown in Figure B.4.1. ACO is fed 
from a holding tank where it is mixed with recycled ACO. The 
ACO is heated to reaction temperature in H-501. The reaction 
does not require a catalyst, since it is initiated at high 
temperatures. The reactor, R-501, is simply a vessel with inert 
packing to promote radial mixing. The reaction is quenched in 
E-501. Any gum that has been formed is removed by filtration. 
There are two holding vessels, V-502 A/B. One of them is used 
to hold reaction products, while the other one feeds the filter 
(not shown). This allows a continuous flow of material into 
Stream 7. In T-501 the ACO is separated and recycled, and in T- 
502, the DO is purified from the acetic acid. The contents of 
Streams 11 and 12 are cooled (exchangers not shown) and sent 
to storage. 

Beyde Feed. Feed Dning Reactor Gam ACO. Regle Regle Reyd Reside. Drying Drying Brnoon Dr ovr Teade Rese 


Mixing Pump Fired Oil Effluent Filter Recycle Tower Tower r Tower Oil Ol 


Tower Cooler Pump 
Vessel Heater Reactor Cooler Holding Tower Reboiler Condenser Reflux 
Vessel Pump 


Reflux Tower Tower Condenser Reflux Tower 
Drum Reboiler Pump Reflux 
Drum 


oo day 


>> 


P-504 A/B 


Figure B.4.1 Unit 500: Drying Oil Process Flow Diagram 


Stream summary tables, utility summary tables, and major 
equipment specifications are shown in Tables B.4.1—B.4.3. 


Table B.4.1 Stream Table for Unit 500 


Stream Number 1 2 3 4 


Temperature (°C) 25.0 151.0 151.1 380.0 
Pressure (kPa) 110.0 105.0 230.0 195.0 
Vapor mole fraction 0.00 0.00 0.00 0.00 
Flowrate (kg/h) 1628.7 10,703.1 10,703.1 10,703.1 
Flowrate (kmol/h) 6.35 41.75 41.75 41.75 


Component flowrates (kmol/h) | 


Acetic acid 0.00 0.00 0.00 0.00 
1-Tetradecene (drying 0.00 0.064 0.064 0.064 
oil) 
Hexadecanoic acid 6.35 41.69 41.69 41.69 
(ACO) 
Gum 0.00 0.00 0.00 0.00 
Stream Number 5 6 7 8 
Temperature (°C) 342.8 175.0 175.0 175.0 
Pressure (kPa) 183.0 148.0 136.0 136.0 
Vapor mole fraction 0.39 0.00 0.00 0.00 
Flowrate (kg/h) 10,703.1 10,703.1 10,703.1 0.02 
Flowrate (kmol/h) 48.07 48.07 48.07 4.61 x 
10” 


Component flowrates (kmol/h) 


Acetic acid 6.32 6.32 6.32 0.00 | 


1-Tetradecene (drying 6.38 6.38 6.38 0.00 
oil) 
Hexadecanoic acid 35.38 35.38 35.38 0.00 
(ACO) 
Gum 4.61 x 4.61 x 0.00000 4.61 x 
10° 10° 10° 
Stream Number 9 10 11 12 
Temperature (°C) 108.0 344.8 119.2 252.8 
Pressure (kPa) 125.0 90.0 105.0 125.0 
Vapor mole fraction 0.00 0.00 0.00 0.00 
Flowrate (kg/h) 1628.7 9074.4 378.6 1250.0 
Flowrate (kmol/h) 12.67 35.40 6.29 6.38 


Component flowrates (kmol/h) 


Acetic acid 6.32 0.00 6.28 0.03 
oil) 

Hexadecanoic acid 0.04 35.34 0.00 0.04 
(ACO) 

Gum 0.00 0.00 0.00 0.00 
Stream Number 13 14 

Temperature (°C) 170.0 170.0 

Pressure (kPa) 65.0 110.0 


1-Tetradecene (drying 6.32 0.06 0.01 6.31 | 
Vapor mole fraction 0.00 0.00 | 


| Flowrate (kg/h) 9074.4 9074.4 | 
| Flowrate (kmol/h) 35.40 35.40 | 
| Component flowrates (kmol/h) | 
| Acetic acid 0.00 0.00 | 
1-Tetradecene (drying 0.06 0.06 
oil) 
Hexadecanoic acid 35.34 35.34 
(ACO) 
Gum 0.00 0.00 
Table B.4.2 Utility Summary Table for Unit 500 
E-501 E-502 E-503 E-504 E-505 E-506 
bfwlps Dowtherm cw hps cw bfw—lps 
A 
2664 126,540 24,624 425 5508 2088 
kg/h kg/h kg/h kg/h kg/h kg/h 
Table B.4.3 Major Equipment Summary for Unit 500 
Fired Heater 
H-501 


Total heat duty required = 13,219 


MJ/h = 3672 kw 
Design capacity = 4000 kw 


Carbon steel tubes 


85% thermal efficiency 


Heat Exchangers 
E-501 
A=26.2m 


1-2 exchanger, floating head, 
stainless steel 


Q = 6329 MJ/h 
E-502 
A=57.5m 


1-2 exchanger, floating head, 
stainless steel 


Process stream in shell 
Q =5569 MJ/h 

E-503 

A = 2.95 m” 


1-2 exchanger, floating head, 
stainless steel 


Process stream in shell 


Q = 1029 MJ/h 


E-504 
A =64.8 m” 


1-2 exchanger, floating head, 
stainless steel 


Process stream in shell 
Q = 719 MJ/h 

E-505 

A= 0.58 m? 


1-2 exchanger, floating head, 
stainless steel 


Process stream in shell 
Q = 230 MJ/h 

E-506 

A= 919 m 


1-4 exchanger, floating head, 
stainless steel 


Process stream in tubes 


Q = 4962 MJ/h 


Pumps 


P-501 A/B 


P-503 A/B 


Centrifugal/electric drive Centrifugal/electric drive 


Carbon steel Stainless steel 
Power = 0.9 kW (actual) Power = 0.8 kW (actual) 
80% efficient 80% efficient 


NPSHp at design flow = 14 ft of liquid 


P-502 A/B P-504 A/B 

Centrifugal/electric drive Stainless steel/electric drive 

Power = 1 kW (actual) 80% efficient 

80% efficient NPSHr at design flow = 12 ft of 
liquid 

Reactor 

R-501 


Stainless steel vessel 


| Stainless steel Power = 0.3 kW (actual) | 
| V=1.15 m? | 


5.3 m long, 0.53 m diameter 


Towers 
| T-501 T-502 | 
| Stainless steel Stainless steel | 
56 sieve trays plus reboiler and 35 sieve trays plus reboiler and 
| condenser condenser | 
| 25% efficient trays 52% efficient trays | 
| Total condenser Total condenser | 
| Feed on tray = 32 Feed on tray = 23 | 
| Reflux ratio = 0.15 Reflux ratio = 0.52 | 
| 12-in tray spacing, 2.2-in weirs 12-in tray spacing, 2.8-in weirs | 
| Column height = 17m Column height = 11 m | 
Diameter = 2.1 m below feed and Diameter = 0.45 m 


0.65 m above feed 


Vessels 
| V-501 V-503 | 
| Horizontal Horizontal | 
| Carbon steel Stainless steel | 
| L/D=3 L/D=3 | 
| V=2.3 m? V=2.3 m? | 
| V-502 V-504 | 
| Vertical Horizontal | 
| Stainless steel Carbon steel | 
| L/D=5 L/D=3 | 

V=3m° V=0.3 m? 


B.4.2 Reaction Kinetics 


The reactions and reaction kinetics are adapted from Smith [1] 
and are as follows: 


C15 Hg; COOH (1) $ CH3COOH(g) + Cu Hz (Ù) 
DO 


ACO aceticacid 
(B.4.1) 
k 
2C14 Ho (1) as Cg Hs6 (s) (B.4.2) 
DO gum 
where 
-ri = kiC aco (B.4.3) 
=> = k2 C2 o (B.4.4) 
and 


kı = 5.538 x 10" exp (—44, 500/RT) 
(B.4.5) 


ko = 1.55 x 10% exp (—88, 000/RT) 
(B.4.6) 


The units of reaction rate, r;, are kmol/m°s, and the activation 
energy is in cal/mol (which is equivalent to kcal/kmol). 


B.4.3 Simulation (CHEMCAD) Hints 


If you want to simulate this process and 1-octacosene is not a 
compound in your simulator’s database, you can add gum as a 
compound to the simulator databank using the following 
physical properties: 
e Molecular weight = 392 
e Boiling point = 431.6°C 
e For the group contribution method add the following groups: 
1 — CH, group 
25 > CH2 groups 
1 = CH, group 
1 = CH- group 


B.4.4 Reference 


1. Smith, J. M., Chemical Engineering Kinetics, 3rd ed. (New 
York: John Wiley & Sons, 1981), 224-228. 


B.5 PRODUCTION OF MALEIC 
ANHYDRIDE FROM BENZENE, UNIT 
600 


Currently, the preferred route to maleic anhydride in the United 
States is via isobutene in fluidized-bed reactors. However, an 
alternative route via benzene may be carried out using a shell- 
and-tube reactor, with catalyst in the tubes and a cooling 
medium being circulated through the shell [1, 2]. 


B.5.1 Process Description 


A process flow diagram for the reactor section of the maleic 
anhydride process is shown in Figure B.5.1. Benzene is 


vaporized in E-601, mixed with compressed air, and then 
heated in a fired heater, H-601, prior to being sent to a packed- 
bed catalytic reactor, R-601, where the following reactions take 
place: 


ky 
Cs He + 4.502 > CyH2.O3; +2CO, +2H2O 


benzene maleicanhydride 
(B.5.1) 
k2 
Cs He + 7.502 4 6CO,z + 3H20 
benzene 
(B.5.2) 
ks 
C4 H> 03 + 302 —> 4CO» + H0O 
maleicanhydride 
(B.5.3) 
k4 
Cs He + 1.502 =F C6 H402 + 2H,O 
benzene quinone 
(B.5.4) 
V-601 C601 P-601A/B E-601 H-601 P-602A/B E-602 R-601 P-603A/B E-603 T601 E-604 V-602 P-604A/B E-605 
Benzene Inlet Air Benzene Benzene Feed Molten Molten Reactor Dibutyl Reactor MA MATower MA MA MA 
Feed Compressor Feed Feed Heater Salt Circ. Salt Makeup Effluent Scrubber Condenser Reflux Reflux Reboiler 
Drum Pumps Vaporizer Pumps Cooler Pumps Cooler Drum Pumps 
T-602 E-606 V-603 P-605A/B E-607 P-606 A/B 
Dibutyl Phthalate Make-up Dibutyl Dibutyl Dibutyl Dibutyl Dibutyl  Dibutyl 
© > Scrubber Tower Reflux Reflux Reboiler Recycle 
Condenser Drum Pumps Pumps 


Off-Gas to 
Incinerator 


A To Maleic 
=| hh Anhydride 
EA Ie Purification 


L Temperature, °C 


P-606 A/B 


Figure B.5.1 Unit 600: Maleic Anhydride Process Flow 
Diagram 


All the reactions are highly exothermic. For this reason, the 
ratio of air to benzene entering the reactor is kept very high. A 
typical inlet concentration (Stream 6) of approximately 1.5 vol% 
of benzene in air is used. Cooling is achieved by circulating 
molten salt (a mixture of sodium nitrite and sodium nitrate) 
cocurrently through the shell of the reactor and across the tubes 
containing the catalyst and reactant gases. This molten salt is 
cooled in two external exchangers—E-602 and E-607—prior to 
returning to the reactor. 

The reactor effluent, Stream 7—containing small amounts of 
unreacted benzene, maleic anhydride, quinone, and combustion 
products—is cooled in E-603 and then sent to an absorber 
column, T-601, which has both a reboiler and condenser. In T- 
601, the vapor feed is contacted with recycled heavy organic 
solvent (dibutyl phthalate), Stream 9. This solvent absorbs the 


maleic anhydride, quinone, and small amounts of water. Any 
water in the solvent leaving the bottom of the absorber, T-601, 
reacts with the maleic anhydride to form maleic acid, which 
must be removed and purified from the maleic anhydride. The 
bottoms product from the absorber is sent to a separation 
tower, T-602, where the dibutyl phthalate is recovered as the 
bottoms product, Stream 14, and recycled back to the absorber. 
Asmall amount of fresh solvent, Stream 10, is added to account 
for losses. The overhead product from T-602, Stream 13, is sent 
to the maleic acid column, T-603, where 95 mol% maleic acid is 
removed as the bottoms product. 

The overhead stream is taken to the quinone column, T-604, 
where 99 mol% quinone is taken as the top product and 99.9 
mol% maleic anhydride is removed as the bottoms product. 
These last two purification columns are not shown in Figure 
B.5.1 and are not included in the current analysis. 


Stream summaries, utility summaries, and equipment 
summaries are presented in Tables B.5.1-B.5.3. 


Table B.5.1 Stream Table for Unit 600 


Stream 
Number 
Temperature 30 30 30 30 170 460 
(°C) 
Pressure 101 101 280 101 250 235 
(kPa) 
| Total kg/h 3304 3304 3304 80,490 80,490 83,794 
| Totalkmol/h 42.3 42.3 42.3 2790.0 2790.0 2832.3 
| Component flowrates (kmol/h) 
Maleic 0.0 0.0 0.0 0.0 0.0 0.0 
anhydride 
Dibutyl 0.0 0.0 0.0 0.0 0.0 0.0 
phthalate 
| Nitrogen 0.0 0.0 0.0 2205.0 2205.0 2205.0 
| Water 0.0 0.0 0.0 0.0 0.0 0.0 
| Oxygen 0.0 0.0 0.0 585.0 585.0 585.0 
| Benzene 42.3 42.3 42.3 0.0 0.0 42.3 
| Quinone 0.0 0.0 0.0 0.0 0.0 0.0 
Carbon 0.0 0.0 0.0 0.0 0.0 0.0 
dioxide 
| Maleic acid 0.0 0.0 0.0 0.0 0.0 0.0 
Sodium 0.0 0.0 0.0 0.0 0.0 0.0 
nitrite 
Sodium 0.0 0.0 0.0 0.0 0.0 0.0 
nitrate 
Stream 
Number 9 10 11 12 13 14 


220 


83,794 


2825.2 


26.3 


0.0 


2205.0 
91.5 
370.2 
2.6 

0.7 


129.0 


0.0 


0.0 


0.0 


15 


215 


83,794 


2825.2 


26.3 


0.0 


2205.0 
91.5 
370.2 
2.6 


0.7 


129.0 


0.0 


0.0 


0.0 


16 


Temperature 330 320 194 84 195 330 
(°C) 


419 


562 


Pressure 82 100 82 75 80 82 
(kPa) 


Total kg/h 139,191.6 30.6 141,866 81,225 2597 139,269 


| Total kmol/h 500.1 0.1 526.2 2797.9 26.2 500.0 


Component flowrates (kmol/h) 
Maleic 0.0 0.0 4.8 0.5 24.8 0.0 
anhydride 
Dibutyl 500.1 0.1 500.0 0.0 0.0 500.0 
phthalate 

| Nitrogen 0.0 0.0 0.0 2205.0 0.0 0.0 

| Water 0.0 0.0 0.0 91.5 0.0 0.0 

| Oxygen 0.0 0.0 0.0 370.2 0.0 0.0 

| Benzene 0.0 0.0 0.0 2.6 0.0 0.0 

| Quinone 0.0 0.0 0.4 0.4 0.4 0.0 
Carbon 0.0 0.0 0.0 129.0 0.0 0.0 
dioxide 

| Maleic acid 0.0 0.0 1.0 0.0 1.0 0.005 
Sodium 0.0 0.0 0.0 0.0 0.0 0.0 
nitrite 
Sodium 0.0 0.0 0.0 0.0 0.0 0.0 
nitrate 


200 


391,925 


5000.0 


0.0 


0.0 


0.0 
0.0 
0.0 
0.0 
0.0 


0.0 


0.0 


2065.6 


2934.4 


200 


391,925 


5000.0 


0.0 


0.0 


0.0 
0.0 
0.0 
0.0 
0.0 


0.0 


0.0 


2065.6 


2934.4 


Table B.5.2 Utility Summary Table for Unit 600 


E-601 E-602 E-603 E-604 E-605 E-606 
Ips bfw — bfw > cw hps cw 

hps hps 
1750 16,700 31,400 86,900 19,150 3050 
MJ/h MJ/h MJ/h MJ/h MJ/h MJ/h 
841 7295 13,717 2.08 x 10° 11,280 73,000 
kg/h kg/h kg/h kg/h kg/h kg/h 


Table B.5.3 Major Equipment Summary for Unit 600 


| Compressor and Drives 


C-601 D-601A/B (not shown on 
PFD) 


Centrifugal/electric drive Electric/explosion proof 


Carbon steel W = 3200 kW 


Efficiency = 65% 


| Discharge pressure = 250 kPa 98% efficient 
| Power (shaft) = 3108 kW 


MOC carbon steel 


Fired Heater 
| H-601 


Total (process) heat duty required = 
26,800 MJ/h 


| Design capacity = 32,000 kw 


Carbon steel tubes 


85% thermal efficiency 


Design pressure = 300 kPa 


Heat Exchangers 
E-601 
A=14.6 m? 


1-2 exchanger, floating head, stainless 
steel 


Process stream in tubes 
Q = 1750 MJ/h 
Design pressure = 600 kPa 


E-602 


1-2 exchanger, floating head, stainless 
steel 


Process stream in shell 

Q =16,700 MJ/h 

Design pressure = 4100 kPa 
E-603 

A = 1760 m? 


1-2 exchanger, floating head, stainless 
steel 


Process stream in shell 

Q = 31,400 MJ/h 

Design pressure = 4100 kPa 
E-604 

A =1088 m° 


1-2 exchanger, fixed head, stainless 
steel 


Process stream in tubes 


Q = 86,900 MJ/h 


Design pressure = 300 kPa 


E-605 


A=131 m” 


1-2 exchanger, floating head, 


stainless steel 

Process stream in shell 

Q = 19,150 MJ/h 

Design pressure = 4100 kPa 
E-606 


A= 11.7 m’ 


1-2 exchanger, floating head, 


stainless steel 

Process stream in shell 

Q = 3050 MJ/h 

Design pressure = 300 kPa 
E-607 


A= 192 m’ 


1-2 exchanger, floating head, 


stainless steel 
Molten salt in tubes 
Q = 55,600 MJ/h 


Design pressure = 4100 kPa 


Pumps 

P-601 A/B 
Centrifugal/electric drive 
Carbon steel 

Power = 0.3 kW (actual) 
65% efficient 

Design pressure = 300 kPa 
P-602 A/B 
Centrifugal/electric drive 
Stainless steel 

Power = 3.8 kW (actual) 


65% efficient 


P-604 A/B 
Centrifugal/electric drive 
Stainless steel 

Power = 6.75 kW (actual) 
65% efficient 

Design pressure = 200 kPa 
P-605 A/B 
Centrifugal/electric drive 
Stainless steel 

Power = 0.7 kW (actual) 


65% efficient 


Power = 0.1 kW (actual) 


65% efficient 


Design pressure = 400 kPa 
P-606 A/B 
Centrifugal/electric drive 


Stainless steel | 
Power = 2.4 kW (actual) | 


65% efficient 


Design pressure = 150 kPa 


Shell-and-tube vertical design 


| Stainless steel 


catalyst-filled tubes 


Design pressure = 300 kPa 


12,100 1-in diameter, 6.4 m length 


Towers 


| Stainless steel 


14 sieve trays plus reboiler and 
condenser 


50% efficient trays 
Partial condenser 


Feeds on trays 1 and 14 


24-in tray spacing, 2.2-in weirs 
Column height = 10 m 


| Reflux ratio = 0.189 
| Diameter = 4.2 m 


Stainless steel 


42 sieve trays plus reboiler 
and condenser 


65% efficient trays 

Total condenser 

Feed on tray 27 

Reflux ratio = 1.24 

15-in tray spacing, 1.5-in weirs 
Column height = 18 m 


Diameter = 1.05 m 


T-602 | 


Design pressure = 110 kPa 


V-603 
Horizontal 
Stainless steel 
L=3.90m 
D=1.30m 


Design pressure = 110 kPa | 


Design pressure = 110 kPa 


B.5.2 Reaction Kinetics 


The reactions and reaction kinetics [3] given in Equations 
(B.5.1)—(B.5.4) are given by the expression 


T= k; Chenezene or =T} = k3 Cmaleicanhydride 
(B.5.5) 


where 


kı = 7.7 x 10° exp (—25, 143/RT) 
(B.5.6) 


ko = 6.31 x 10’ exp (—29, 850/RT) 
(B.5.7) 


kz = 2.33 x 10*exp (—21, 429/RT) 
(B.5.8) 


ka = 7.20 x 10°exp (—27, 149/RT) 
(B.5.9) 


The units of reaction rate, r;, are kmol/ m°(reactor)s, the 
activation energy is given in cal/mol (which is equivalent to 
kcal/kmol), the units of k; are m°(gas)/m° (reactor)s, and the 
units of concentration are kmol/m*(gas). 

The catalyst is a mixture of vanadium and molybdenum 
oxides on an inert support. Typical inlet reaction temperatures 
are in the range of 350°C to 400°C. The catalyst is placed in 25 
mm diameter tubes that are 3.2 m long. The catalyst pellet 
diameter is 5 mm. The maximum temperature that the catalyst 
can be exposed to without causing irreversible damage 
(sintering) is 650°C. The packed-bed reactor should be costed 
as a shell-and-tube exchanger. The heat transfer area should be 
calculated based on the total external area of the catalyst-filled 
tubes required from the simulation. Because of the high 
temperatures involved, both the shell and the tube material 
should be stainless steel. An overall heat transfer coefficient for 
the reactor should be set as 100 W/m°°C. (This is the value 
specified in the simulation.) 


B.5.3 Simulation (CHEMCAD) Hints 


The CHEMCAD simulation used to generate the PFD shown in 
Figure B.5.1 has several simplifications that are valid for this 
system. The removal of trace amounts of noncondensables is 
achieved after the absorber using a component separator, which 
avoids problems with column convergence downstream. The 
formation of maleic acid is simulated by using a stoichiometric 
reactor and setting the conversion of water to 1. 

Tower T-601, the maleic anhydride scrubber, is simulated 
using the rigorous tower simulator. Tower T-602, the dibutyl 
phthalate tower, is simulated using the Shortcut column 
module. Currently, there is no experimental vapor pressure data 
for the components in this simulation. It appears that the vapor 
pressures of the components differ widely, and no azeotropes 


are known at this time. For this reason, the ideal vapor pressure 
K-value option and the latent heat enthalpy option are used. 

In order to simulate the temperature spike in the reactor, the 
reactor is simulated as a cocurrent, packed-bed kinetic reactor, 
with a molten salt stream as the utility. This configuration 
provides a greater temperature differential at the front end of 
the reactor, where the reaction rate is highest. Countercurrent 
flow could be investigated as an alternative. The kinetics given 
above are used in the simulation. Dimensions of the reactor 
tubes are given in Section B.5.2. 


B.5.4 References 


1. Felthouse, T. R., J. C. Burnett, B. Horrell, M. J. Mummey, 
and Y-J Kuo, “Maleic Anhydride, Maleic Acid, and Fumaric 
Acid,” Kirk-Othmer Encyclopedia of Chemical Technology, 
online version (New York: John Wiley & Sons, 2001). 

2. McKetta, J. J. (ed). “Maleic Acid and Anhydride,” 
Encyclopedia of Chemical Processing and Design, Vol. 29, 
(New York: Marcel Dekker, 1984), 35-55. 


3. Wohlfahrt, Emig G., “Compare Maleic Anhydride Routes,” 
Hydrocarbon Processing, (June 1980): 83—90. 


B.6 ETHYLENE OXIDE PRODUCTION, 
UNIT 700 


Ethylene oxide is a chemical used to make ethylene glycol (the 
primary ingredient in antifreeze). It is also used to make 
polyethylene oxide, and both the low-molecular-weight and 
high-molecular-weight polymers have many applications 
including as detergent additives. Because ethylene oxide is so 
reactive, it has many other uses as a reactant. However, because 
of its reactivity, danger of explosion, and toxicity, it is rarely 
shipped outside the manufacturing facility but instead is often 
pumped directly to a nearby consumer. 


B.6.1 Process Description [1, 2] 


The preliminary (and simplified) process flow diagram is shown 
in Figure B.6.1. Ethylene feed (via pipeline from a neighboring 
plant) is mixed with recycled ethylene, oxygen, methane carrier 
gas, carbon dioxide, and makeup oxygen. This stream is heated, 
and then fed to a catalytic reactor. The reaction is highly 
exothermic, and heat transfer occurs between the catalyst filled 
tubes and the surrounding boiler feed water in the reactor shell 
to produce medium-pressure steam. Conversion in the reactor 
is kept low (typically <10%) to enhance selectivity for the 
desired product and reduce the unwanted combustion of 
ethylene oxide (EO). The composition of the feed to the reactor 
is typically 26%—28% ethylene, 7%—-8% oxygen, 3%—6% carbon 
dioxide, small amounts of water, and the balance is methane. It 
is essential that the fuel-rich feed stream to the reactor is kept 
above the upper explosion/flammability region. Gas 
composition monitors and controls for the recycle stream are 


essential for safe operation to avoid the feed entering the 
reactor within the explosion limits that would give rise to the 
uncontrolled/unwanted combustion of the feed and 
accompanying rapid increase in temperature and pressure [2]. 
The reactor effluent is cooled, and sent to an absorber, where 
EO is absorbed into water. The overhead vapor from the 
absorber (containing typically <100 ppm of EO) is sent to the 
carbon dioxide removal unit comprising of a two-column 
absorber/stripper unit where a portion of the carbon dioxide is 
removed using hot potassium carbonate solution and purged 
from the system. The remainder of the gas stream is recycled 
back to the front end of the process, where fresh ethylene and 
oxygen makeup streams are added. The stream leaving the 
bottom of the water absorber contains the water and the 
majority of the EO along with dissolved gases. This stream is 
sent to a stripping column where the majority of EO is sent 
overhead and condensed. The dissolved gases are vented from 
the overhead reflux drum and a 99.5% EO stream is produced 
as overhead product. The bottom stream from the stripping 
column contains water and trace amounts of EO. This stream is 
cooled and may be recycled back to the absorber. 


R-701 E-701 E-702 1-701 7-702 E-703 E-704 c-701 P-701A/B v-701 E-705 


EOReactor Reactor Reactor EO Absorber EO Purification EOTower EOTower RecycleGas EOTower EOTower Wastewater 
Preheater Effluent Cooler Tower Reboiler Condenser Compressor RefluxPumps RefluxDrum Cooler 
15, 
c-701 
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< GH, 
Ooe +> oO—6 Ç 
Ethylene Co, purge stream 
E-701 OS _| Co, Removal D D 
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Figure B.6.1 Unit 700: Ethylene Oxide Process Flow 
Diagram 


Processing Alternatives 


The PFD is given in Figure B.1.6 and the accompanying flow 
table, utilities summary, and equipment summaries are given as 
Tables B.6.1—-B.6.3. The PFD illustrates a simplified version of 
the process typically used in EO/ethylene glycol manufacture. 
Some alternative processing configurations that might be 
considered for student projects are listed: 

e The CO- absorber/stripper separation unit could be modelled rigorously. 

Note that hot potassium carbonate solution is the preferred solvent 


because of the oxidative nature of EO, which will react irreversibly with 
amines. 


e Appropriate recycling of the wastewater to the EO absorber could be 
implemented in the simulation. 


e The single EO stripper could be replaced with two separate towers. The 


first would recover water for recycling to the absorber. The second tower 
would produce a dilute EO stream (10:1 water:EO) stream that can be sent 
to an ethylene glycol plant and a pure EO stream can be taken from the top 
of the second tower. 


e Significant heat integration between the reactor effluent and reactor feed 
and reboiler are possible. 


e Rigorous heat transfer calculations should be carried out for the design of 
the heat exchangers. 


e The removal of dissolved gases and the recovery of EO in the dissolved gas 
purge stream should be considered during any optimization studies. 


Table B.6.1 Stream Table for Unit 700 


Stream 


Number 


Temperature 50.0 50.0 60.2 150.0 224.6 68.5 
(°C) 


Pressure 22.0 22.0 22.0 22.0 21.5 
(bar) 


Vapor mole 1.0 1.0 1.0 1.0 1.0 
fraction 


Flowrate 9348.9  11,304.9 357,904 357,904 357,930 357,930 
(kg/h) 


Flowrate 333.2 353.3 16298.8 16298.8 16172.2 16172.2 
(kmol/h) 


Component flowrates (kmol/h) 


| Oxygen 0.0 353-3 1195.4 1195.4 842.2 842.2 


Methane 0.0 0.0 9727.4 9727.4 9728.8 9728.8 
Carbon 0.0 0.0 843.5 843.5 993.6 993.6 
dioxide 

| Ethylene 333.2 0.0 4464.0 4464.0 4132.6 4132.6 
Ethylene 0.0 0.0 0.2 0.2 256.5 256.5 
Oxide 

| Water 0.0 0.0 68.3 68.3 218.4 218.4 
Number 7 8 9 10 11 12 
Temperature 70.2 45.1 155.4 42.0 42.0 45.1 
(°C) 
Pressure 21.0 20.0 5.5 4.9 4.9 20.0 
(bar) 
Vapor mole 0.0 1.0 0.0 0.0 1.0 1.0 
fraction 
Flowrate 140,096 343,938 128,665 10,965 466.1 6688.0 
(kg/h) 
Flowrate 7403.5 15768.7 7141.7 249.5 12.2 156.4 
(kmol/h) 


Component flowrates (kmol/h) 


| Oxygen 0.1 842.1 0.0 0.0 0.1 0.0 


Methane 1.4 9727.4 0.0 0.0 1.4 0.0 
Carbon 1.2 992.4 0.0 0.0 1.2 148.9 


dioxide 


Stream 


Ethylene 1.9 4130.8 


0.0 0.0 


0.3 248.4 


7141.5 1.0 


15 


1.9 0.0 | 
7.6 0.0 | 
0.0 7.6 | 


Ethylene 256.3 0.2 
Oxide 

Water 7142.5 75-9 
Stream 

Number 13 14 
Temperature 25.0 45.1 
(°C) 

Pressure 21.0 20.0 
(bar) 

Vapor mole 0.0 1.0 
fraction 

Flowrate 126,105 337,250 
(kg/h) 

Flowrate 7000.0 15612.3 
(kmol/h) 


Component flowrates (kmol/h) 


Oxygen 0.0 842.1 
Methane 0.0 9727.4 
Carbon 0.0 843.5 
dioxide 

Ethylene 0.0 4130.8 
Ethylene 0.0 0.2 
Oxide 

Water 7000.0 68.3 


62.3 


23.0 


1.0 


337,250 


15612.3 


68.3 


Table B.6.2 Utility Summary Table for Unit 700 


E-701 E-702 E-703 
lps cw mps 
29,400 2.71 x 10° 65,280 
kg/h kg/h kg/h 


Table B.6.3 Major Equipment Summary for Unit 700 


Compressors 

C-701 

Carbon steel 

Centrifugal 

Power = 1.84 MW (shaft) 
85% efficient 


Drives 


D-701 A/B (not shown on PFD) 


Electric/explosion proof 
W = 1.94 MW 
95% efficient 


Heat Exchangers 
E-701 


A=574m 


E-704 
cw 


2.03 x 10° 
kg/h 


E-705 


1.37 10° 
kg/h 


1-2 exchanger, floating head, stainless steel 


Process stream in tubes 
Q = 61,400 MJ/h 


Maximum pressure rating of 2300 kPa 


E-702 


1-2 exchanger, floating head, stainless steel 


Process stream in tubes 
Q = 113,300 MJ/h 


Maximum pressure rating of 2300 kPa 


E-703 


1-2 exchanger, floating head, stainless steel 
Process stream in shell 


Q = 130,780 MJ/h 


Maximum pressure rating of 600 kPa 


1-2 exchanger, floating 
head, stainless steel 


Process stream in shell 
Q = 84,750 MJ/h 


Maximum pressure 
rating of 600 kPa 


E-705 
A = 265 m’ 


1-2 exchanger, floating 
head, stainless steel 


Process stream in shell 
Q = 57,400 MJ/h 


Maximum pressure 
rating of 600 kPa 


Reactors 
R-701 


20,300 catalyst-filled stainless steel tubes 
Tube length = 8 m Tube Diameter = 31.75 
mm 


Process stream in catalyst-filled tubes, bfw 
in shell 


Q = 68,860 MJ/h 


Maximum pressure rating of 2300 kPa— 
tube side Maximum pressure rating of 1100 
kPa—shell side 


Pumps 

P-701 A/B 
Centrifugal/electric drive 
Stainless steel 

Power = 15.2 kW 


80% efficient 


Towers 


T-701 
Stainless steel 


14 m of packing 


2-in stainless steel Berl Saddles 


20 theoretical stages 


1.10 kPa/m pressure drop 


T-702 
Stainless steel 


90 SS valve trays plus 
reboiler and partial 
condenser 


67% efficient trays above 


feed 30% efficient trays 
below feed 


Feed on tray 18 


Diameter = 3.0 m Reflux ratio = 12.96 


0.0508 m weirs 


| Packing factor = 26 0.3048 m tray spacing, 
| Maximum pressure rating of 2300 kPa Column height = 30 m 


Diameter = 4.0 m 


Maximum pressure 
rating of 200 kPa 


Vessels 
V-701 


Horizontal 


L/D = 4.0 


3 


| Stainless steel 
| Volume = 30.0 m 


B.6.2 Reaction Kinetics 


The pertinent reactions (adapted from Stoukides and Pavlou 
[3]) are as follows: 


C,H, + 0.502 —> C2 H40 (B.6.1) 


C,H, + 302 — 2CO2 + 2H2O 
(B.6.2) 


C,H,O + 2.505 —> 2CO2 + 2H2O 
(B.6.3) 


The kinetic expressions are, respectively, 


0.653 exp (—2384/RT) pethylene 


Ti = eo 

1 + 0.00098 exp (11, 127 / RT) Pethylene 
(B.6.4) 

aea a EE ee 

* 1+ 0.00098exp (11, 127/RT) Pethylene 
(B.6.5) 

1.4256exp (795/RT) NA ANENA 
? — 14 0.000033exp (21, 062/RT) ee 

(B.6.6) 


The units for the reaction rates are kmole/m?-reactor s. The 
pressure unit is bar. The activation energies are in kcal/kmol. 


The catalyst used for this reaction is silver on an inert support. 


The support consists of 7.5 mm diameter spheres that have a 
bulk density of 1250 kg/m? and a void fraction of 0.4. The 
interested reader may also derive kinetics from the paper by 
Zhou and Yuan [4], which discusses the effect of using trace 
amounts of ethylene dichloride to suppress the combustion of 
EO and the supression of Reactions (B.6.1) and (B.6.2) in the 
presence of CO, and water. 


B.6.3 Simulation (CHEMCAD) Hints 


The following thermodynamics packages are strongly 
recommended for simulation of this process. 


e K-values: Use a global model of UNIFAC and Raoult’s Law as a local 
model for T-701. 


e Enthalpy: Use latent heat. 


B.6.4 References 


1. Dever, J. P., K. F. George, W. C. Hoffman, and H. Soo, 
“Ethylene Oxide,” Kirk-Othmer Encyclopedia of Chemical 
Technology, online version (New York: John Wiley & Sons, 
2004). 

2. “Case Study: Process Analytics in Ethylene Oxide and 
Ethylene Glycol Plants,” Siemens, 
https: //www.industry.usa.siemens.com/automation/us/en/process- 
instrumentation-and-analytics/process-analytics/pa-case- 
studies/Documents/PIACS-00013-1015-Ethylene- 
Oxide.pdf. 

3. Stoukides, M., and S. Pavlou, “Ethylene Oxidation on Silver 
Catalysts: Effect of Ethylene Oxide and of External Transfer 
Limitations,” Chem. Eng. Commun. 44 (1986): 53-74. 

4. Zhou, X-G., and W-K. Yuan, “Optimization of the Fixed-Bed 
Reactor for Ethylene Epoxidation,” Chem. Eng. And Proc. 
44 (2005): 1098-1107. 


B.7 FORMALIN PRODUCTION, UNIT 800 


Formalin is a 37 wt% solution of formaldehyde in water. 
Formaldehyde and urea are used to make urea-formaldehyde 
resins that subsequently are used as adhesives and binders for 
particle board and plywood. 


B.7.1 Process Description [1, 2] 


Unit 800 produces formalin (37 wt% formaldehyde in water) 
from methanol using the silver catalyst process. Figure B.7.1 
illustrates the process. 
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Figure B.7.1 Unit 800: Formalin Process Flow Diagram 


Air is compressed and preheated, fresh and recycled 
methanol is pumped and preheated, and these two streams are 


mixed to provide reactor feed. The feed mixture is about 39 
mol% methanol in air, which is greater than the upper 
flammability limit for methanol. (For methanol, UFL = 36 
mol%; LFL = 6 mol%.) In the reactor, the following two 
reactions occur: 


1 
CH30H + 50? —> HCHO + H,OAH pn, = —37.3kcal/mole 


methanol formaldehyde 
(B.7.1) 
CH30H > HCHO + H2 AH pn, = 20.3kcal/mole 
methanol formaldehyde 
(B.7.2) 


The reactor is a unique configuration, in which the silver 
catalyst is in the form of wire gauze, suspended above a heat 
exchanger tube bank. Because the net reaction is very 
exothermic, the heat generated in the adiabatic reactor section 
must be removed quickly, hence the close proximity of the heat- 
exchanger tubes. The heat exchanger resembles a pool boiler, 
with a pool of water on the shell side. If the temperature of the 
effluent is too high, the set point on the steam pressure line is 
lowered to increase the vaporization of boiler feed water (bfw). 
In general, the liquid-level controller on the bfw is adjusted to 
keep the tube bundle fully immersed. The reactor effluent 
enters an absorber in which most of the methanol and 
formaldehyde are absorbed into water, with most of the 
remaining light gases purged into the off-gas stream. The 
methanol, formaldehyde, and water enter a distillation column, 
in which the methanol overhead is recycled; the bottoms 
product is a formaldehyde/water mixture that contains < wt% 
methanol as an inhibitor. This mixture is cooled and sent to a 
storage tank, which is sized at four days’ capacity. This storage 
tank is essential, because some of the downstream processes are 
batch. The composition in the storage tank exceeds 37 wt% 
formaldehyde, so the appropriate amount of water is added 
when the downstream process draws from the storage tank. 
This is not shown in the PFD (Figure B.7.1). 

Storage of formaldehyde/water mixtures is tricky. At high 
temperatures, undesirable polymerization of formaldehyde is 
inhibited, but formic acid formation is favored. At low 
temperatures, acid formation is inhibited, but polymerization is 
favored. There are stabilizers that inhibit polymerization, but 
they are incompatible with resin formation. Methanol, at 
concentrations between 5 wt% and 15 wt%, can also inhibit 
polymerizaton, but no separation equipment for methanol 
currently exists on-site, and methanol greater than 1 wt% also 
causes defective resin production. With <1 wt% methanol, the 
storage tank contents must be maintained between 35°C and 
45°C. 

Stream summary tables, utility summary tables, and major 
equipment specifications are shown in Tables B.7.1 through 
B.7.3. 


Table B.7.1 Stream Table for Unit 800 


Stream 

Number 

Temperature 25.0 30.0 40.7 40.8 183.0 150.0 
(°C) 

Pressure (kPa) 101.3 120.0 101.3 300.0 300.0 265.0 
Vapor fraction 1.0 0.0 0.0 0.00 1.0 1.0 
Total kg/h 4210.54 2464.8 3120.3 3120.3 4210.5 3120.3 


Total kmol/h 145.94 76.92 99.92 99.92 145.94 99.92 


Component flowrates (kmol/h) 


Oxygen 30.66 0.0 0.0 0.0 30.66 0.0 
Formaldehyde 0.0 0.0 0.0 0.0 0.0 0.0 
Water 0.0 0.0 5.81 5.81 0.0 5.81 
Hydrogen 0.0 0.0 0.0 0.0 0.0 0.0 
Nitrogen 115.28 0.0 0.0 0.0 115.28 0.0 


Methanol 0.0 76.92 94.11 94.11 0.0 94.12 | 


Temperature 200.0 171.9 200.0 100.0 30.0 84.6 
(°C) 

Pressure (kPa) 265.0 255.0 185.0 150.0 150.0 140.0 
Vapor fraction 1.0 1.0 1.0 1.0 0.0 1.0 


Total kmol/h 4210.5 7330.8 7330.8 7330.8 2576.2 5354.2 
Total kg/h 145.94 245.86 278.03 278.03 143.00 224.16 


Component flowrates (kmol/h) 


Oxygen 30.66 30.66 0.15 0.15 0.0 0.15 
Formaldehyde 0.0 0.0 62.67 62.67 0.0 0.04 
Water 0.0 5.81 66.82 66.82 143.00 93.68 
Hydrogen 0.0 0.0 1.66 1.66 0.0 1.66 
Nitrogen 115.28 115.28 115.28 115.28 0.0 115.28 


Methanol 0.0 94.12 31.45 31.45 0.0 13.35 | 


Temperature 89.9 75.5 106.6 106.7 35.0 73.4 
(°C) 

Pressure (kPa) 150.0 130.00 150.00 350.00 315.00 120.00 
Vapor mole 0.0 0.0 0.0 0.0 0.0 0.0 
fraction 

Total kg/h 4552.8 655.6 3897.1 3897.1 3897.1 655.6 


Total kmol/h 196.87 23.00 173.86 173.86 173.86 23.00 


Methanol 18.10 17.19 0.90 0.90 0.90 17.19 
Oxygen 0.00 0.00 0.00 0.00 0.00 0.00 
Formaldehyde 62.63 0.00 62.63 62.63 62.63 0.00 


Component flowrates (kmol/h) | 
Water 116.14 5.81 110.33 110.33 110.33 5.81 | 


Hydrogen 0.00 0.00 0.00 0.00 0.00 
Nitrogen 0.00 0.00 0.00 0.00 0.00 
Table B.7.2 Utility Summary Table for Unit 800 
E-801 E-802 E-803 E-804 
mps hps cw mps 
2063 kg/h 45.43 kg/h 23,500 kg/h 18,949 kg/h | 
E-805 E-806 R-801 
cw cw bfw — mps 
775,717 kg/h 27,957 kg/h 3723 kg/h 


Table B.7.3 Major Equipment Summary for Unit 800 


Carbon steel 
Centrifugal 


Power = 183 kW (shaft) 


70% efficient 


D-801 A/B (not shown on PFD) 
Electric/explosion proof 
W = 195 kw 


95% efficient 


Heat Exchangers 
E-801 
A= 405 m? 


1-2 exchanger, floating 
head, carbon steel 


Process stream in shell 
Q = 4111 MJ/h 


Maximum pressure rating 
of 350 kPa 


1-2 exchanger, floating 
head, carbon steel 


Process stream in tubes 
Q = 76.75 MJ/h 


Maximum pressure rating 
of 350 kPa 


E-803 
A =28.16m 


1-2 exchanger, floating 
head, carbon steel 


Process stream in shell 


Q = 983.23 MJ/h 


Maximum pressure rating 
of 350 kPa 


E-804 
A = 37.3 m’ 


1-2 exchanger, kettle reboiler, stainless 
steel 


Process stream in shell 


Q = 37,755 MJ/h 


Maximum pressure rating of 250 kPa 


E-805 
A = 269 m? 


1-2 exchanger, floating head, stainless 
steel 


Process stream in shell 
Q = 32,456 MJ/h 


Maximum pressure rating of 250 kPa 


E-806 
A=41 m 


1-2 exchanger, floating head, stainless 
steel 


Process stream in tubes 
Q = 1169.7 MJ/h 


Maximum pressure rating of 400 kPa 


Reactors 


R-801, Heat-Exchanger 
Portion 


| A= 140.44 m’ 


Counterflow exchanger, 
floating head, carbon steel 


| Process stream in tubes 
| Q = 8928 MJ/h 


Maximum pressure rating 
of 350 kPa 


R-801, Reactor Portion 


Thin layers of silver wire gauze 
suspended above heat exchanger tube 
bank 


Centrifugal/electric drive 


Carbon steel 


Centrifugal/electric drive 
Carbon steel 
Power = 1.7 kW 


80% efficient 


P-803 A/B 
Centrifugal/electric drive 
Stainless steel 

Power = 0.5 kW 


75% efficient 


Towers 


| T-801 
| Carbon steel 


10 m of packing 


2-in ceramic Berl Saddles 


20 theoretical stages 


| 1.00 kPa/m pressure drop 
| Diameter = 0.86 m 
| Packing factor = 45 


Maximum pressure rating 
of 300 kPa 


T-802 


Stainless steel 


31 SS sieve trays plus reboiler and partial 


condenser 

70% efficient trays 

Feed on tray 18 

Reflux ratio = 37.34 

0.6096 m tray spacing, 0.091 m weirs 
Column height = 19 m 


Diameter = 2.5m 


Maximum pressure rating of 200 kPa 


Vessel 


V-801 


Stainless steel 


| Horizontal 
| L/D = 4.0 


Volume = 4.2 m? 


B.7.2 Reaction Kinetics 


Due to the very high temperature and large surface area of the 
wire gauze, the reaction may be considered to be instantaneous. 


B.7.3 Simulation (CHEMCAD) Hints 


Solutions of formaldehyde and water are very nonideal. 


Individually, the volatilities are, from most volatile to least 
volatile, formaldehyde, methanol, and water. However, 
formaldehyde associates with water so that when this three- 
component mixture is distilled, methanol is the light key and 
water is the heavy key. The formaldehyde will “follow” the 
water. The ESDK K-value package in CHEMCAD simulates this 
appropriately and was used for the simulation presented here. 
Latent heat should be used for enthalpy calculations. The expert 
system will recommend these choices. Alternatively, the data 
provided in Table B.7.4 can be used directly or to fit an 
appropriate nonideal VLE model. 


Table B.7.4 K-Values for 
Formaldehyde/Water/Methanol System 


P(psia) = 14.696 Chemical Component 

T (°C) Formaldehyde Water Methanol 
| 0.1 0.123 1.000 0.273 | 
| 67.1 0.266 0.491 1.094 | 
| 72.1 0.336 0.394 1.435 | 
| 74.8 0.374 0.453 1.598 | 
| 84.6 0.546 0.607 2.559 | 
| 97.6 0.693 1.105 2.589 | 
| 99.9 0.730 1.198 2.595 | 
150.1 1.220 2.460 3.004 


Source: Gmehling, J., U. Onken., and W. Arlt, VAPOR-LIQUID 
EQUILIBRIUM DATA COLLECTION, Chemistry Data Series (Aqueous- 
Organic Systems, Supplement 1_, Vol. 1, Part 1a, DECHEMA, 1981, 474- 
475 [3]. 


When simulating an entire process, it is recommended to 
first use the Shortcut distillation column within the process for 
the methanol-water/formaldehyde distillation. A rigorous 
column solver should then be used as a separate item to 
simulate the column based on the results obtained from the 
Shortcut column. However, due to the nonideality of the 
thermodynamics, the actual column simulation using the 
rigorous column will probably require many more stages than 
predicted by the shortcut simulation, possibly twice the 
number. Once the parameters for the rigorous column have 
been established, the Shortcut column can be replaced by the 
rigorous column and the simulation rerun to get a converged 
simulation. 


B.7.4 References 
1. Gerberich, H. R., and G. C. Seaman, “Formaldehyde,” Kirk- 
Othmer Encyclopedia of Chemical Technology, online 
version (New York: John Wiley & Sons, 2004). 
2. McKetta, J. J. (ed). “Formaldehyde,” Encyclopedia of 
Chemical Processing and Design, Vol. 23, (New York: 
Marcel Dekker, 1984), 350—371. 


B.8 BATCH PRODUCTION OF L- 
PHENYLALANINE AND L-ASPARTIC 
ACID, UNIT 900 


Phenlyalanine and L-aspartic acid are amino acids. When they 
bond together, the corresponding di-peptide methy] ester is 
aspartame, known by the brand name NutraSweet or Equal. 
Production of both amino acids can be accomplished via 
fermentation of genetically altered bacteria. Production rates of 
1000 and 1250 tonnes/y of L-aspartic acid and L-phenylalanine 
are desired. 


B.8.1 Process Description 


To accomplish a fermentation process, bacteria must grow in 
the presence of appropriate nutrients that facilitate the 
production of the desired product. In a processing context, the 
fermentation reactor must first be primed with the bacteria and 
the nutrients. The nutrient feed includes the reactant that the 
bacteria metabolize to produce the desired amino acid. Air is 
also sparged into the fermenter as a source of oxygen. All of 
these feeds are passed through sterilization filters prior to 
entering the reactor. The bacteria are then allowed to multiply, 
and the desired product, an amino acid in this case, is produced. 
In this process, both products are extracellular. After the 
desired production level of the amino acid is reached, the 
fermentation broth pH is lowered by addition of sulfuric acid, 
the bacteria are removed from the fermentation broth by 
filtration, and the product stream is sent to a holding tank. The 
addition of acid titrates the amino acid, making it positively 
charged. The addition of acid is done only for phenylalanine, 
because L-aspartic acid bypasses the ion exchange column and 
is crystallized directly via precipitation from solution. 


In this process, both amino acids are produced in the same 
facility. Because fermentation is involved and production levels 
are low compared with typical commodity chemicals, batch 
processes are involved. In batch processes, the key variable is 
the batch time, or the length of time that the unit is allowed to 
run. For example, in a batch reactor, the batch time is analogous 
to the space time in a continuous reactor. 


The separation sequence is a continuous process, which is 
accomplished by a continuous feed from the holding tank. This 
is not uncommon in batch facilities, because many separation 
processes are more easily accomplished in the continuous 
mode. The separation sequence for the two amino acids differs 
slightly. Phenylalanine is isolated using ion exchange followed 
by crystallization; in contrast, L-aspartic acid is crystallized 
directly from the filtered fermentation broth. For 
phenylalanine, it is adsorbed on the ion exchange resin and 
subsequently eluted using a basic solution. The addition of base 
neutralizes the positive charge to promote desorption from the 
ion exchange resin. For both amino acids, filtration follows 
crystallization. The product is then sent to storage. The process 


is shown in Figure B.8.1. 


F-901-3 R901 F-904 v901 T90 CR-901 E-901 E-902 P-901 F-905 
Sterilization Fermenter Bacteria Slurry lon Exchange Product Reflux Waste- Crystallizer Amino Acid 
Filters Filter Storage Column Crystallizer Heater water Reflux Pump Crystal Filter 


Condenser 


Figure B.8.1 Unit 900: Amino Acid Process Flow Diagram 


The use of batch processing requires batch scheduling of the 
type discussed in Chapter 3, which allows use of the same 
equipment to manufacture both amino acids in the same 
facility. In this description, only the PFD, reactor calculations, 
and general descriptions of the separation units are presented. 
The design of individual equipment, the utility consumption, 
and the production schedule for the plant are left as exercises 
for the student. A description of a process to produce four 
amino acids (including the two amino acids in this process) in 
the same facility is available at 
https://richardturton.faculty.wvu.edu/files/d/1£3f5dc9-83e6- 
44b2-a686-f2b076c91c01/batch- 
production_of_amino_acids.pdf. This process description 
includes possible batch schedules for both the reactors and the 
separation section. 


B.8.2 Reaction Kinetics 


L-Aspartic Acid. The reaction of fumaric acid to form L- 
aspartic acid is an enzymatic conversion carried out using the 
aspartase activity of bacteria Escherichia coli (E. coli) cells 
according to the following reaction: 


aspartase 
C,H,O4 + NH3 = (C,H,NO, 


fumaricacid L-asparticacid 


(B.8.1) 


The bacteria cells are suspended in a matrix polyacrylamide gel, 
and the reacting species must diffuse in and out of the matrix. 
The diffusivities of the substrate (fumaric acid) and product (L- 
aspartic acid) in the gel decrease as their concentrations 
increase due to the tendency of the gel to shrink at low pH. 

The kinetic model for this reaction follows a Michaelis- 
Menten form for a reversible reaction, which rearranges to 


1 K a,M 
Caa 
Vamax lors | 


(B.8.2) 


where Cpa is the concentration of fumaric acid (kmol/m*) 


Caa is the concentration of L-aspartic acid (kmol/m*) 

Cy Hy is the concentration of ammonium ions (kmol/m®*) K 
is a reaction equilibrium constant (m°/kmol) 

Vais the apparent rate of production of L-aspartic acid 
(kmol/h/kg-gel) 

Va max is the apparent maximum rate of production of L- 
aspartic acid (kmol/h/kg-gel) 

Kam is the apparent Michaelis constant for the reaction 
(kmol/m?) 


Reaction rate parameters have been modified from reference [1] 
and are used for the current process using a 1.0 M substrate 
solution at a reaction temperature of 32°C. 


Kam = 0.68Cz 4 
Ce.77 
Vo,max = — 
K = 88.7m? /kmol at32°C 


Cnr; = 2.04C FA 


It should be noted that the relationship Cyg = 2.04C F4 can 
be achieved only in a batch reactor by measuring the 
concentration of fumaric acid and adjusting the ammonia 
concentration with time. This approach is assumed here; 
however, if a fixed amount of ammonia is initially added to the 
reactor, then the relationship between Cy Hy and Cr, must be 
found from the material balance and substituted in Equation 
(B.8.2). 

Substituting the above values into Equation (B.8.2) and 
using the conversion, X, of fumaric acid (C4 = Cra,o(1 — X) and 
CAA = CFA, oX) gives 


y, VOrm dx Oran] 0- 
a W dt 150 |1- (2+ 123C 1o) X + 123C io 
(B.8.3) 


where Vis the volume of the reacting mass in the reactor (m°) 


Wis the weight of the gel (kg) = V(1-€)Pbead 
g is the void fraction of beads in the reacting mass 
Pbead is the bead density (kg/m?) 


Substituting into Equation (B.8.3) gives 


dX = (1 = E)Pbead (1 7 2X) 
dt Creo 150 | (1+ 123CR%,) — (2 + 123CR%,) X 
(B.8.4) 


For the specified initial concentration of fumaric acid of 1.0M = 
1 kmol/m? and with Ppeaq ~ 1000 kg/m? and assuming a 
voidage of 0.5, Equation (B.8.4) simplifies to 


dX | (@=2X) | 


dt 


Separating variables and integrating Equation (B.8.5) yield 
the conversion as a function of batch reaction time. This 
relationship is shown in Figure B.8.2. 
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Figure B.8.2 Conversion of Fumaric Acid to L-Aspartic Acid 
as a Function of Reaction Time 


Preliminary Sizing of Reactor R-901. For a conversion 
of 45% (90% of equilibrium), a reaction time of approximately 
30 h is required. Assuming that an additional 5 h is required for 
filling, cleaning, and heating, the total time for the reaction step 
is 35h. 

Using a reactor size of 37.9 m? (10,000 gal) and assuming a 
90% fill volume and a voidage of 0.5, the amount of fumaric 
acid fed to the batch is (37.9)(0.9)(0.5) = 17.04 m®, or 17.04 
kmol (17.04 x 116 = 1977 kg). The amount of L-aspartic acid 
produced = (17.04)(0.45) = 7.67 kmol = (7.67)(133) = 1020 kg. 

Production rate of L-aspartic acid from a 10,000-gallon 
reactor is 1020 kg/batch using a batch time of 35 h. 


L-Phenylalanine. L-phenylalanine is produced via 
fermentation using a mutant Brevibacterium lactofermentum 
2256 (ATCC No. 13869) known as No. 123 [2]. The rate 
equations for biomass (bacteria, X), substrate (mainly glucose, 
S), and product (L-phenylalanine, P) are described by Monod 
kinetics. 


dX Hms 
— = —— X B.8. 
dt K; +85 ee) 


dS 1 (fae 
cig ee LAR G B.8. 
dt Yxs K; +S ( o 


dP Yps Pad 
== = a B.8. 
dt Yxs K,+8S oo" 


where X is the concentration of bacteria (kg/m?) 


S is the concentration of substrate (glucose) (kg/m?) 

P is the concentration of product (L-phenylalanine) (kg/m?) 
Lm is the maximum specific growth rate (h *) 

K, is the Monod constant (kg/m?) 

Yxs is biomass yield 

Ypg is product yield 


According to Tsuchida et al. [2], for a culture medium 
containing 13% glucose, 1% ammonium sulfate, and 1.2% 
fumaric acid (plus other trace nutrients, etc.) the yield of L- 
phenylalanine was 21.7 mg/ml after 72 h of cultivation at a 
temperature of 31.5°C. This represents a yield of approximately 
16.7% from glucose by weight. Other amino acids are also 
produced in small quantities (<5 kg/m), with lysine making up 
approximately 50%. 

To obtain a kinetic model of the growth of bacteria and 
subsequent production of L-phenylalanine and depletion of 
glucose, the parameters in Equations (B.8.6)—(B.8.8) were 
back-calculated to give best-fit profiles of X, S, and P compared 
to published values ([2], Figure 4). The parameter values are 
shown in Table B.8.1, and the profiles are plotted in Figure 
B.8.3. 


Table B.8.1 Best-Fit Parameters for Monod Kinetics 
Using Brevibacterium lactofermentum 2256 (ATCC 
No. 13869) Strain No. 123 


Parameter Value 


| Um 0.25h " | 
| K; 105.4 kg/m? | 
| Ys 0.07 | 
| Yps 0.167 | 
| Xo 0.0114 kg/m3 | 
| So 130.0 kg/m? | 


Po 0.0 kg/m? 
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Figure B.8.3 Concentration Profiles as a Function of 
Reaction Time 


Preliminary Sizing of Reactor R-901. For a reaction 
time of approximately 60 h, the final concentration of L- 
phenylalanine is 21.0 kg/m*. Assuming an additional 5 h for 


filling, cleaning, and heating gives a total reactor step time of 65 
h. 


Using a 37.9 m° (10,000 gal) reactor for the fermentation 
and assuming that a 90% fill volume is used, the volume of 
reactants is (37.9)(0.9) = 34.11 mè. 

The amount of L-phenylalanine produced in a 60 h batch 
reaction is (34.11)(21.0) = 716 kg. 

Production rate of L-aspartic acid from a 10,000-gallon 
reactor is 716 kg/batch, with a reactor step time of 65 h. 


Preliminary Information on Other Equipment. As 
mentioned in the process description, the production of both L- 
aspartic acid and L-phenylalanine follows similar paths. A brief 
discussion of the unit operations involved with the separation 
and purification of the final products is in order, because these 
operations are not typical of the unit operations covered in this 
text. Size information is not included for the equipment 
described next; however, estimates of processing times, where 
applicable, are given. 


Filtration of Bacteria. After reaction, the bacteria must 
be filtered from the mother liquor prior to storage. The bacteria 
tend to give rise to slimy filter cakes, and the filtration of such 
material is best accomplished using a rotary drum filter utilizing 
a precoat. Typical precoating materials are dolomite, perlite, 
and cellulose, and these are applied to the drum in a two-stage 
process prior to filtration. The precoating process involves 
depositing a layer of the precoat material (5—15 cm thick) on the 
drum prior to the filtration operation. Once the precoat has 
been applied, the filtration starts, and the biomass forms a thin 
layer on the precoat. This layer of biomass is continuously 
removed, along with a thin layer of the precoat material, using a 
sharp-edged “Doctor” blade. Additional information is given at 
http://www.solidliquid-separation.com [3]. Without doing 


detailed calculations, it is difficult to determine the time 
required for the precoat stage and filtration stages. For this 
project you may assume that these steps take 25 h and 5 h, 
respectively. 


Intermediate Storage. The fermentation broth (free of 
solids, or biomass) leaving the filters is stored in an 
intermediate storage tank prior to being sent to the ion 
exchange column (for L-phenylalanine) and on to the 
crystallizer. The use of an intermediate storage vessel allows the 
remainder of the process to operate as a continuous process. 


Ion Exchange Column. The ion exchange columns 
operate as semibatch processes. Hydrochloric acid is added to 
the L-phenylalanine-containing solution and is passed through 
freshly regenerated ion exchange resin such as Dow’s DOWEX 
MARATHON C [4]. The resin captures the positively charged 
amino acid. Once the bed is full, it is backwashed with a basic 
solution of ammonium or sodium hydroxide, which breaks the 
resin amino acid bond. The resin is subsequently washed free of 
the hydroxide, and the cycle starts again. 


Continuous Crystallizer and Filtration. Draft tube 
baffle crystallizers can be used for the crystallization of L- 
aspartic acid and L-phenylalanine. These crystallizers offer the 
advantages of high circulation rates for efficient mixing. Fines 
removal is facilitated through the use of baffles, and a certain 
amount of product classification (crystal size control) is 
obtained through the elutriating leg. Batch crystallizers could 
also be used, but product quality and efficiency suffer. The 
saturated liquid from the crystallizer, containing amino acid 
crystals, is sent to a filter (such as a rotary drum filter), where 
the crystals are removed and sent for washing, drying, and 
packaging. The saturated liquid is returned to the crystallizer 
for further product recovery, thereby increasing the efficiency of 
the operation. Both amino acids can be crystallized at 
temperatures greater than 100°C. Therefore, the crystallization 
may take place at ambient pressure by removing the excess 
water through evaporation. The solubilities of L-aspartic acid 
and L-phenylalanine at 100°C are 67 g/liter and 100 g/liter, 
respectively. 
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B.9 ACRYLIC ACID PRODUCTION VIA 
THE CATALYTIC PARTIAL 
OXIDATION OF PROPYLENE [1-5], 
UNIT 1000 


Acrylic acid (AA) is used as a precursor for a wide variety of 
chemicals in the polymer and textile industries. There are 
several chemical pathways to produce AA, but the most 
common one is via the partial oxidation of propylene. The usual 
mechanism for producing AA utilizes a two-step process in 
which propylene is first oxidized to acrolein and then further 
oxidized to AA. Each reaction step usually takes place over a 
separate catalyst and at different operating conditions. The 
reaction stoichiometry is given below: 


Cs Hs + Oo —> C3H,O + H30 


acrolein 


C3 H40 + 10» —> C3 H40» 


acrylicacid 


Several side reactions may occur, most resulting in the 
oxidation of reactants and products. Some typical side reactions 
are given below: 


C3 H40 + T0, — 3CO, + 2H20 
C3 H40 + 20, — Ca H40: + CO2 


aceticacid 


C He + 20, — 3CO,2 + 3H2O 


Therefore, the typical process setup consists of a two-reactor 
system, with each reactor containing a separate catalyst and 
operating at conditions so as to maximize the production of AA. 
The first reactor typically operates at a higher temperature than 
the second. 

As with any reaction involving the partial oxidation of a fuel- 
like feed material (propylene), considerable attention must be 
paid to the composition of hydrocarbons and oxygen in the feed 
stream. In the current design, a fluidized-bed reactor is used, 
which provides essentially isothermal conditions in the reactor 
and, with the addition of large amounts of steam, allows safe 
and stable operation. The second safety concern is associated 
with the highly exothermic polymerization of AA, which occurs 
in two ways. First, if this material is stored without appropriate 
additives, then free radical initiation of the polymerization can 
occur. This potentially disastrous situation is discussed by 
Kurland and Bryant [1]. Second, AA dimerizes when in high 
concentrations at temperatures greater than 90°C, and thus 
much of the separation sequence must be operated under high 
vacuum in order to keep the bottom temperatures in the 


columns below this temperature. 


B.9.1 Process Description 


The process shown in Figure B.9.1 produces 50,000 tonne/y of 
99.9% by mole AA product. The number of operating hours is 
taken to be 8000/y, and the process is somewhat simplified 
because there is only one reactor [5]. It is assumed that both 
reactions take place on a single catalyst to yield AA and by- 
products. It is imperative to cool the products of reaction 
quickly to avoid further oxidation reactions, and this is achieved 
by rapidly quenching the reactor effluent with a cool recycle, 
Stream 8, of dilute aqueous AA in T-1001. Additional recovery 
of AA and acetic acid (a by-product) is achieved in the absorber, 
T-1002. The stream leaving the absorption section is a dilute 
aqueous acid, Stream 9. This is sent to a liquid-liquid extractor, 
T-1003, to remove preferentially the acid fraction from the 
water prior to purification. There are many possible solvents 
that can be used as the organic phase in the separation; high 
solubility for AA and low solubility for water are desirable. 
Some examples include ethyl acrylate, ethyl acetate, xylene, 
diisobutyl ketone, methyl isobutyl ketone, and diisopropyl ether 
(DIPE), which is used here. The organic phase from T-1003 is 
sent to a solvent recovery column, T-1004, where the 
diisopropyl ether (and some water) is recovered overhead and 
returned to the extractor. The bottom stream from this column, 
Stream 14, contains virtually all the AA and acetic acid in 
Stream 9. This is sent to the acid purification column, T-1005, 
where 95% by mole acetic acid by-product is produced 
overhead, and 99.9% by mole AA is produced as a bottoms 
product and cooled prior to being sent to storage. 


Figure B.9.1 Unit 1000: Production of Acrylic Acid from 
Propylene PFD (The point where Streams 1 and 2 are mixed 
with Stream 3 to form Stream 4 actually occurs within Reactor 
R-1001.) 


The aqueous phase from the extractor, Stream 12, is sent to a 
wastewater column, T-1006, where a small amount of DIPE is 
recovered overhead and returned to the extractor. The bottoms 
product, containing water and trace quantities of solvent and 
acid, is sent to wastewater treatment. Process stream 
information and preliminary equipment summaries are given in 
Tables B.9.1 and B.9.2, respectively. A utility summary is also 
provided in Table B.9.3. 


Table B.9.1 Stream Table for Unit 1000 


Stream 


Number 1 2 3 4 5 6 7 8 9 


Temperature 25 159 25 191 250 310 63 40 40 
(°C) 
Pressure 1.0 6.0 11.5 4.3 3.0 3.5 1.4 2.4 2.4 
(bar) 
Vapor 1.0 1.0 1.0 1.0 0.0 1.0 0.0 0.0 0.0 
fraction 
Mass flow 39.05 17.88 5.34 62.27 1075.0 62.27 3.08 1895. D7. 
(tonne/h) 
Mole flow 1362.9 992.3 127.0 2482.2 0.00 2444.0 148.5 85,200.0 124 
(kmol/h) 
Component HiTec Molten Salt 
flowrates 
(kmol/h) 
| Propylene 0.00 0.00 127.0 127.0 0.00 14.7 0.00 0.00 0.0 
| Nitrogen 1056.7 0.00 0.00 1056.7 0.00 1056.7 0.00 0.00 0.0 
| Oxygen 280.9 0.00 0.00 280.9 0.00 51.9 0.00 0.00 0.0 
Carbon 0.00 0.00 0.00 0.00 0.00 60.5 0.00 0.00 0.0 
dioxide 
| Water 25.3 992.3 0.00 1017.6 0.00 1165.9 140.9 78,870 115 
| Acetic acid 0.00 0.00 0.00 0.00 0.00 6.54 0.65 415 6.0 
| Acrylic acid 0.00 0.00 0.00 0.00 0.00 87.79 6.99 5915 86. 
Solvent 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.0 
(diisopropyl 
ether) 
Stream 
Number 10 11 12 13 14 15 16 17 18 
Temperature 25 48 40 40 90 13 13 89 47 
(°C) 
Pressure 5.0 1.0 2.4 2.4 0.19 0.12 3.0 0.16 0.0 
(bar) 
Vapor 0.0 1.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 
fraction 
Mass flow 2.54 37.35 20.87 143.0 6.63 155.3 136.4 6.26 5.2 
(tonne/h) 
Mole flow 141.0 1335.4 1156.9 1591.2 93.19 1705.7 1498.0 86.85 90. 
(kmol/h) 


Component flowrates (kmol/h) 


Propylene 0.00 14.7 0.00 0.00 0.00 0.00 0.00 0.00 0.0 
Oxygen 0.00 51.9 0.00 0.00 0.00 0.00 0.00 0.00 0.0 
Carbon 0.00 60.5 0.00 0.00 0.00 0.00 0.00 0.00 0.0 
dioxide 

Water 141.0 150.2 1156.6 198.8 0.30 226.0 198.5 0.00 4.2 
Acetic acid 0.00 0.46 0.03 6.08 6.08 0.00 0.00 0.05 86. 
Acrylic acid 0.00 0.98 0.00 86.81 86.81 0.00 0.00 86.80 0.1. 
Solvent 0.00 0.00 0.30 1299.5 0.00 1479.7 1299.5 0.00 0.0 
(diisopropyl 


ether) 


| Nitrogen 0.00 1056.7 0.00 0.00 0.00 0.00 0.00 0.00 0.0 
1 


Stream 
Number 


Temperature 
(°C) 


Pressure 


(bar) 


Vapor 
fraction 


Mass flow 
(tonne/h) 


Mole flow 
(kmol/h) 


Propylene 
Nitrogen 


Oxygen 


Carbon 
dioxide 


Water 
Acetic acid 


Acrylic acid 


Solvent 
(diisopropyl 
ether) 


| Component flowrates (kmol/h) 


19 20 
47 102 

1.1 1.1 

0.0 0.0 
0.37 20.84 
6.34 1156.43 


0.00 0.00 
0.00 0.00 
0.00 0.00 
0.00 0.00 
0.30 1156.4 
6.03 0.03 
0.01 0.00 
0.00 0.00 


21 22 23 
60 13 40 

1.0 3.0 2.8 
0.0 0.0 0.0 
37-37 136.4 136.4 
470.2 1498.5 1498.5 
0.00 0.00 0.00 
0.00 0.00 0.00 
0.00 0.00 0.00 
0.00 0.00 0.00 
126.8 198.7 198.7 
0.00 0.00 0.00 
0.00 0.00 0.00 
343.4 1299.8 1299.8 


Table B.9.2 Preliminary Equipment Summary Table 


for Unit 1000 


Equipment 


T-1001 


T-1002 


T-1003 


T-1004 


MOC 


Diameter (m) 


Height/length 
(m) 


Orientation 


Pressure 


Internals 
| (barg) 


*Installed cost of reactor (mid-1996) = $2 x 10° [Area m^] 


Equipment 


MOC 


(kw) 
Efficiency 


| Power (shaft) 
| Type/drive 
| 


Stainless steel 


5-3 


12 


Vertical 


10 m of high- 
efficiency packing 
Polyethylene 


1.4 


P-1001 A/B 
Carbon 


steel 


32.3 


75% 


Centrifugal/electric 


Stainless steel 


3-5 


11 


Vertical 


15 sieve trays + 
demister 


Stainless steel 


1.0 


P-1002 A/B 
Stainless 
steel 


106.2 


75% 


Centrifugal/electric 


0.5 


Stainless steel 


2.2 


9.5 


Vertical 


15 perforated plates 
+ mixer 


Stainless steel 


1.4 


P-1003 A/B 
Stainless 


steel 


0.9 


40% 


Centrifugal/electric 


Stainless steel 


7-5 
34 


Vertical 


31m of high- 
efficiency 
structured packing 


Stainless steel 


-1.0 


P-1004 A/B 
Stainless 


steel 


51.3 


75% 


Centrifugal/electric 


Temperature 
(°C) 


(bar) 


| Pressure in 


(bar) 


| Pressure out 


Equipment 


250 


2.0 


3.6 


E-1001 


50 


1.4 


2.9 


E-1002 


90 


0.19 


2.05 


E-1003 


13 


0.12 


4.62 


E-1004 


Type 


Duty (MJ/h) 
Area (m5 
Shell 


Max temp 
(°C) 
Pressure 
(barg) 

| Phase 

| MOC 

| Tube side 


Max temp 
(°C) 
Pressure 
(barg) 
MOC 


Phase 


Equipment 


Floating-head 


83,400 


160 


40 


4.0 


L 


Carbon steel 


250 


2.0 


Carbon steel 
L 


E-1008 


Fixed TS 


70,300 


2550 


40 


4.0 


L 


Carbon steel 


50 


2.0 


Stainless steel 
L 


E-1009 


Floating-head 
reboiler 


101,000 


891 


160 


5.0 


Cond. steam 


Carbon steel 


90 


-0.81 


Stainless steel 
Boiling liq. 


E-1010 


Floating-head 
condenser 


108,300 


7710 


10 


4.0 


L 


Carbon steel 


13 


-0.88 


Stainless steel 


Cond. vapor 


Type 

Duty (MJ/h) 
Area (m’) 
Shell side 


Max temp 
(°C) 
Pressure 
(barg) 

| Phase 

| MOC 

| Tube side 


Max temp 
(°C) 


Pressure 
(barg) 


MOC 


Phase 


Equipment 


Fixed TS 
condenser 
15,800 


210 


40 


4.0 


L 


Carbon steel 


60 


0.0 


Carbon steel 


Cond. vapor 


C-1001 A/B 


Floating head 


8000 


19.7 


160 


5.0 


Cond. steam 


Carbon steel 


40 


2.0 


Carbon steel 


L 


V-1001 


Floating head 


698 


10.3 


40 


4.0 


L 


Carbon steel 


89 


1.4 


Stainless steel 


L 


V-1002 


V-1003 


MOC 


| Power (shaft) 


Carbon steel 


2260 


Stainless steel 


Carbon steel 


Carbon steel 


| Efficiency 77% — — 


Centrifugal 
Type/drive Centrifugal -2 — — 
stage/electric 


Temperature 25 — — 
(°C) 


Pressure in 1.0 — = 


(bar) 


Pressure out 5.0 — _ 
(bar) 


Pressure — -0.88 -0.93 
(barg) 


| Diameter (m) — 2.4 1.0 


Height/length — 72 2.5 
(m) 


| Orientation — Horizontal Horizontal 


Internals — — — 


Table B.9.3 Utility Summary Table for Unit 1000 


Utility cw cw Ips rw Ips cw Ips 


Equipment E- E- E- E- E- E- E- 
1001 1002 1003 1004 1005 1006 1007 


Flow 1995.0 1682.0 48.5 5182.0 1.07 54.5 10.19 
(tonne/h) 


cw 


E- 
1008 


378.0 


0.0 


4.5 


Horizontal 


E- 
1009 


3-85 


cw 


E- 
1010 


16.7 


B.9.2 Reaction Kinetics and Reactor Configuration 


The reactions taking place are kinetically controlled at the 
conditions used in the process; that is, equilibrium lies far to the 
right. The reaction kinetics for the catalyst used in this process 
are given below: 


C3 He + 20, — Cs H40: + H20 Reaction1 
acrylicacid 

Cs He + 20, —> C> H10» + CO» + H0O Reaction 2 
aceticacid 


Cs He + 20, — 3CO, + 3H2OReaction 3 


E; 
where — r; = ko,i exp l-5] PpropylenePozygen 


Partial pressures are in kPa, and the activation energies and 
preexponential terms for reactions 1-3 are as follows: 


i E;kcal/kmol ko, kmol/m? reactor/h/(kPa)? 
1 15,000 1.59 x 10° 
2 20,000 8.83 x 10° 
8 
3 25,000 1.81x 0 


The reactor configuration used for this process is a fluidized 
bed, and it is assumed that the bed of catalyst behaves as a well- 


mixed tank—that is, it is isothermal at the temperature of the 
reaction (310°C). The gas flow is assumed to be plug flow 
through the bed, with 10% of the gas bypassing the catalyst. 
This latter assumption is made in order to simulate the gas 
channeling that occurs in real fluid-bed reactors. 


B.9.3 Simulation (CHEMCAD) Hints 


The use of a liquid-liquid extractor requires the use of a 
thermodynamic package (or physical property data) that reflects 
the fact that two phases are formed and that significant 
partitioning of the AA and acetic acid occurs, with the majority 
going to the organic phase (in this case DIPE). Distribution 
coefficients for the organic acids in water and DIPE as well as 
mutual solubility data for water/DIPE are desirable. The 
process given in Figure B.9.1 was simulated using a UNIFAC 
thermodynamics package and the latent heat enthalpy option 
on CHEMCAD and should give reasonable results for 
preliminary process design. Much of the process background 
material and process configuration was taken from the 1986 
AIChE student contest problem in reference [5]. The kinetics 
presented above are fictitious but should give reasonable 
preliminary estimates of reactor size. 


B.9.4 References 
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B.10 PRODUCTION OF ACETONE VIA 
THE DEHYDROGENATION OF 
ISOPROPYL ALCOHOL (IPA) [1-4], 
UNIT 1100 


The prevalent process for the production of acetone is as a by- 
product of the manufacture of phenol. Benzene is alkylated to 
cumene, which is further oxidized to cumene hydroperoxide 
and finally cleaved to yield phenol and acetone. However, the 
process shown in Figure B.10.1 and discussed here uses 
isopropyl alcohol (IPA) as the raw material. This is a viable 
commercial alternative, and a few plants continue to operate 
using this process. The primary advantage of this process is that 


the acetone produced is free from trace aromatic compounds, 
particularly benzene. For this reason, acetone produced from 
IPA may be favored by the pharmaceutical industry due to the 
very tight restrictions placed on solvents by the Food and Drug 
Administration (FDA). The reaction to produce acetone from 
IPA is as follows: 


(CH3),CHOH —> (CH3), CO + Hə 


isopropylalcohol acetone 


Figure B.10.1 Unit 1100: Production of Acetone from 
Isopropyl Alcohol PFD 


The reaction conditions are typically 2 bar and 350°C, giving 
single-pass conversions of 85%—92%. 


B.10.1 Process Description 


Referring to Figure B.10.1, an azeotropic mixture of isopropyl 
alcohol and water (88 wt% IPA) is fed into a surge vessel (V- 
1101), where it is mixed with the recycled unreacted IPA/water 
mixture, Stream 14. This material is then pumped and 
vaporized prior to entering the reactor. Heat is provided for the 
endothermic reaction using a circulating stream of molten salt, 
Stream 4. The reactor effluent, containing acetone, hydrogen, 
water, and unreacted IPA, is cooled in two exchangers prior to 
entering the phase separator (V-1102). The vapor leaving the 
separator is scrubbed with water to recover additional acetone, 
and then this liquid is combined with the liquid from the 
separator and sent to the separations section. Two towers are 
used to separate the acetone product (99.9 mol%) and to 
remove the excess water from the unused IPA, which is then 
recycled back to the front end of the process as an azeotropic 
mixture. Stream summaries, preliminary equipment, and utility 
summaries are given in Tables B.10.1, B.10.2, and B.10.3, 
respectively. 


Table B.10.1 Stream Table for Unit 1100 


Stream 

Number 1 2 3 4 5 6 
Temperature 25 32 350 357 20 27 
(°C) 

Pressure 1.01 2.30 1.91 3.0 1.63 1.63 
(bar) 

Vapor 0.0 0.0 1.0 0.0 1.0 0.0 
fraction 


| Mass flow 2.40 2.67 2.67 35.1 0.34 0.46 


1.0 


| (tonne/h) 


Mole flow 
(kmol/h) 


Component 
flowrates 


Stream 
Number 


21.14 38.60 
0.00 34.78 
1.93 2.51 
0.10 0.02 
19.11 1.29 
14 15 


20.00 


0.00 


0.00 


0.00 


20.00 


Temperature 
(°C) 


Pressure 


(bar) 


Isopropyl 
alcohol 


Water 


Table B.10.2 Preliminary Equipment Summary Table 


for Unit 1100 


51.96 57.84 92.62 0.00 39.74 
Molten 
Salt 
0.00 0.00 34.78 0.00 34.78 
0.00 0.16 34.94 0.00 4.44 
34.82 38.64 3.86 0.00 0.12 
17.14 19.04 19.04 0.00 0.40 
9 10 11 12 13 
22 61 61 90 83 
1.63 1.5 1.5 1.4 1.2 
0.0 0.0 0.0 0.0 0.0 
2.79 4.22 1.88 0.92 8.23 
4.02 2.51 2.29 1.73 77.18 
0.00 0.00 0.00 0.00 0.00 
32.43 72.46 32.27 0.16 4.82 
3.84 0.05 0.02 3.82 115.10 
37.75 0.00 0.00 37.75 


83 109 
1.2 1.4 
0.0 0.0 
0.27 0.65 
5.88 35.85 
0.00 0.00 
0.16 0.00 
3.82 0.00 


38.60 | 


1.0 


0.24 


34.78 
2.51 


0.02 


57.26 1.90 35.85 1.29 


| Equipment 


| MOC 


Power (shaft) 
(kW) 


| Efficiency 
| Type/drive 


Temperature 
(°C) 


Pressure in 


(bar) 


Pressure out 


(bar) 


| Diameter (m) 


| Height/length 


P-1101 A/B 


Carbon steel 


0.43 


40% 
Centrifugal/electric 


25 


1.13 


3.00 


P-1102 A/B 


Carbon steel 


2.53 


50% 
Centrifugal/electric 


400 


1.83 


3.00 


P-1103 A/B 


Carbon steel 


1.75 


40% 
Centrifugal/electric 


61 


1.41 


4.48 


P-1104 A/B 


Carbon steel 


0.06 


40% 
Centrifugal/electric 


90 


1.93 


2.78 


(m) 
Orientation 


Internals 


Pressure 


(barg) 


Equipment 


0.00 


V-1103 


0.00 


V-1104 


0.00 


T-1101 


0.00 


T-1102 


MOC 


Carbon steel 


Carbon steel 


Carbon steel 


Carbon steel 


Diameter (m) 0.83 0.93 0.33 1.25 
Height/length 2.50 2.80 3.20 37.0 
(m) 
Orientation Horizontal Horizontal Vertical Vertical 
Internals 0.00 0.00 2.5 m of packing - 66 SS sieve plates 
1" ceramic Raschig @ 18" spacing 
rings 
Pressure 0.2 0.2 1.0 0.4 
(barg) 
Type 
Duty (MJ/h) 
Area radiant 
(mô 
Area 
convective 
(mô 
Tube pressure 
(barg) 
Equipment E-1101 E-1102 E-1103 E-1104 
Type Float-head Float-head Float-head Fixed TS 
vaporizer partial cond. partial cond. condenser 
Duty (MJ/h) 3550 3260 563 3095 
Area (mô 70.3 77.6 8.5 39.1 
Shell side 
Max. temp 234 350 45 61 
(°C) 
Pressure 1.0 1.0 1.0 0.2 
(barg) 
Phase Boiling Cond. Cond. Cond. 
liq. vapor vapor vapor 
MOC Carbon steel Carbon steel Carbon steel Carbon steel 
Tube side 
Max. temp 254 40 15 40 


(°C) 


Pressure 41.0 3.0 3.0 
(barg) 


Phase Cond. steam L L 


MOC Carbon steel Carbon steel Carbon steel 


Table B.10.3 Utility Summary Table for Unit 1100 


Utility hps 

Equipment E- E- E- E- E- E-1106 E- E- 
1101 1102 1103 1104 1105 1107 1108 

Flow 2.09 77-90 13.50 74.00 1.68 176.00 3.55 4.16 

(tonne/h) 


B.10.2 Reaction Kinetics 


The reaction to form acetone from isopropyl alcohol 
(isopropanol) is endothermic, with a standard heat of reaction 
of 62.9 kJ/mol. The reaction is kinetically controlled and occurs 
in the vapor phase over a catalyst. The reaction kinetics for this 
reaction are first order with respect to the concentration of 
alcohol and can be estimated from the following equation [3, 4]: 


ia E, c kmol 
TEA One RT | ~!?4 mêreactors 
where 
3 
E, = 72.38MJ/kmol,ky = 3.51 x 10 —— 8% — yp, 
m* reactors 
- kmol 
m? gas 


In practice, several side reactions can occur to a small extent. 
Thus, trace quantities of propylene, diisopropyl ether, 
acetaldehyde, and other hydrocarbons and oxides of carbon can 
be formed [1]. The noncondensables are removed with the 
hydrogen, and the aldehydes and ethers may be removed with 
acid washing or adsorption. These side reactions are not 
accounted for in this preliminary design. 


For the design presented in Figure B.10.1, the reactor was 
simulated with catalyst in 2-in (50.4 mm) diameter tubes, each 
20 ft (6.096 m) long, and with a cocurrent flow of a heat 
transfer medium on the shell side of the shell-and-tube reactor. 
The resulting arrangement gives a 90% conversion of IPA per 
pass. 


B.10.3 Simulation (CHEMCAD) Hints 


Isopropyl alcohol and water form a minimum boiling point 
azeotrope at 88 wt% isopropyl alcohol and 12 wt% water. 
Vapor-liquid equilibrium (VLE) data are available from several 
sources and can be used to back-calculate binary interaction 
parameters or liquid-phase activity coefficients. The process 


Carbon steel 


presented in Figure B.10.1 and Table B.10.1 was simulated using 
the UNIQUAC VLE thermodynamics package and the latent 
heat enthalpy option in the CHEMCAD simulator. This package 
correctly predicts the formation of the azeotrope at 88 wt% 
alcohol. 
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B.11 PRODUCTION OF HEPTENES FROM 
PROPYLENE AND BUTENES [1], UNIT 
1200 


The background information for this process is taken from 
Chauvel et al. [1]. This example is an illustration of a 
preliminary estimate of a process to convert a mixture of C} and 
C, unsaturated hydrocarbons to 1-heptene and other 
unsaturated products. The market for the 1-heptene product 
would be as a high-octane blending agent for gasoline or in the 
production of plasticizers. Based on preliminary market 
estimates, a production capacity of 20,000 metric tons per year 
of 1-heptene using 8000 operating hours/y was set. This 
process differs from the other examples in Appendix B in 
several ways. First, the raw materials to the process contain a 
wide variety of chemicals. This is typical for oil refinery and 
some petrochemical operations. Second, no specific kinetic 
equations are given for the reactions. Instead, the results of 
laboratory tests using the desired catalyst at different conditions 
and using different feed materials are used to guide the process 
engineer to an optimum, or close to an optimum, reactor 
configuration. The flowsheet in Figure B.11.1 and stream, 
equipment summary, and utility summary tables, Tables 
B.11.1-B.11.3, have been developed using such information. It 
should be noted that a preliminary economic analysis, and 
hence the feasibility of the process, can be determined without 
this information, as long as yield and conversion data are 
available and the reactor configuration can be estimated. 


B.11.1 Unit 1200: Production of Heptenes from Propylene 
and Butenes PFD 


Table B.11.1 Stream Table for Unit 1200 


Stream 

Number 1 2 3 4 5 6 7 
Temperature 25 25 26 45 45 45 45 
(°C) 

Pressure 11.6 3.0 8.0 TA 7.5 6.5 5.0 
(bar) 

Vapor 0.0 0.0 0.0 0.0 0.0 0.0 1.0 
fraction 

Mass flow 3.15 9.29 12.44 12.44 3.68 6.66 0.13 
(tonne/h) 

Mole flow 74.57 163.21 237.78 178.10 64.41 116.45 3.00 
(kmol/h) 


Component flowrates (kmol/h) 


Propane 3.56 0.00 3.56 3.56 0.31 0.56 3.00 | 


Propylene 71.06 0.00 71.06 0.00 0.00 0.00 0.00 
i-Butane 0.00 29.44 29.44 29.44 16.19 29.28 0.00 
n-Butane 0.00 34.41 34.41 34.41 18.65 33:72 0.00 
i-Butene 0.00 8.27 8.27 8.27 4.53 8.19 0.00 
1-Butene 0.00 90.95 90.95 44.94 24.61 44.49 0.00 
1-Hexene 0.00 0.14 0.14 21.21 0.12 0.21 0.00 
1-Heptene 0.00 0.00 0.00 26.53 0.00 0.00 0.00 
1-Octene 0.00 0.00 0.00 7.41 0.00 0.00 0.00 
Stream 

Number 8 9 10 11 12 13 14 
Temperature 151 78 78 135 107 107 154 
(°C) 

Pressure 5.8 4.5 4.5 2.5 4.0 4.0 2.0 
(bar) 

Vapor 0.0 0.0 0.0 0.0 0.0 0.0 0.0 
fraction 

Mass flow 5.64 5.79 1.86 3.79 4.30 2.53 1.26 
(tonne/h) 

Mole flow 58.65 69.84 22.44 36.22 43.78 25.76 10.46 
(kmol/h) 


Component flowrates (kmol/h) 


| 1-Undecene 0.00 0.00 0.00 2.34 0.00 0.00 0.00 
| 1-Hexene 21.00 64.70 20.79 0.21 0.36 0.21 0.00 


| 
Propane 0.00 0.00 0.00 0.00 0.00 0.00 0.00 | 
Propylene 0.00 0.00 0.00 0.00 0.00 0.00 0.00 | 
i-Butane 0.16 0.50 0.16 0.00 0.00 0.00 0.00 | 
n-Butane 0.69 2.15 0.69 0.00 0.00 0.00 0.00 | 
i-Butene 0.08 0.25 0.08 0.00 0.00 0.00 0.00 | 
1-Butene 0.45 1.40 0.45 0.00 0.00 0.00 0.00 | 
| 
| 


| 1-Heptene 26.52 0.84 0.27 26.26 43.28 25.47 0.79 | 
| 1-Octene 7.41 0.00 0.00 7.41 0.14 0.08 7.33 | 
1-Undecene 2.34 0.00 0.00 2.34 0.00 0.00 2.34 
Table B.11.2 Preliminary Equipment Summary Table 
for Unit 1200 
Equipment P-1201 A/B P-1202A-G* P-1203 A/B P-1204 A/B 
| MOC Carbon steel Carbon steel Carbon steel Carbon steel 
Power (shaft) 6.75 5.13 2.75 0.66 
(kW) 
| Efficiency 40% 70% 40% 40% 
| Type/drive Centrifugal/electric | Centrifugal/electric | Centrifugal/electric | Centrifugal/electric 
Temperature 25 45 45 151 
(°C) 
Pressure in 2.97 8.00 5.50 2.50 
(bar) 
Pressure out 9.00 9.00 7.55 4.00 
(bar) 
*Seven identical pumps: five operating + two spares. 
Equipment V-1201 V-1202 V-1203 V-1204 
MOC Carbon steel Carbon steel Carbon steel Carbon steel 
| Diameter (m) 1.40 1.90 1.10 0.95 
Height/length 4.20 5.7 3.30 2.85 
(m) 
| Orientation Horizontal Horizontal Horizontal Horizontal 
| Internals — — — — 
Pressure 20.0 5.0 4.5 1.0 
(barg) 
Equipment R-1201 T-1201 T-1202 T-1203 
MOC Carbon steel Carbon steel Carbon steel Carbon steel 
| Diameter (m) 3.00 1.05 1.10 0.90 
Height/length 13.0 20.7 26.0 27.3 
(m) 
| Orientation Vertical Vertical Vertical Vertical 
Internals Reactor split into 5 20 SS sieve plates 38 SS sieve plates 41 SS sieve plates 
equal sections @ 24" spacing @ 18" spacing @ 18" spacing 
Pressure 7.0 5.0 1.5 1.0 
(barg) 
Equipment E-1201 A-E* E-1202 E-1203 E-1204 
Type Fixed TS Float-head Float-head Fixed TS 
| partial vap. reboiler condenser 
| Duty (MJ/h) 846 3827 1251 3577 
| Area (m`) 61.4 33.8 32.1 128.5 
| Shell side 
Max. temp 45 160 160 45 


Pressure 
(barg) 


Pressure 


(barg) 
| Phase 


MOC 


8.0 


L 


Carbon steel 


40 


3.0 


L 


Carbon steel 


5.0 


Cond. steam 


Carbon steel 


103 


6.7 


L+V 


Carbon steel 


5.0 


Cond. steam 


Carbon steel 


151 


4.8 


Boiling liq. 


Carbon steel 


*Area and duty given for one exchanger; five identical exchangers are needed. 


4.0 


Cond. vapor 


Carbon steel 


40 


3.0 


L 


Carbon steel 


Equipment 


E-1207 


E-1208 


E-1209 


E-1210 


| MOC 
| Tube side 


Max. temp 
CC) 


Pressure 


(barg) 


Double pipe 


146 


2.1 


78 


1.0 


L 


Carbon steel 


40 


3.0 


L 


Carbon steel 


Float-head 
reboiler 
2026 


75-3 


160 


5.0 


Cond. steam 


Carbon steel 


154 


1.0 


Boiling liq. 


Carbon steel 


Fixed TS 
condenser 
2146 


9.7 


107 


0.5 


Cond. vapor 


Carbon steel 


40 


3.0 


L 


Carbon steel 


Double pipe 


372 


3-9 


107 


L 


Carbon steel 


40 


3.0 


L 


Carbon steel 


Table B.11.3 Utility Summary Table for Unit 1200 


Utility cw Ips Ips cw Ips cw cw Ips cw cw Cc 

Equipment E-1201 E- E- E- E- E- E- E- E- E- E 
A-E 1202 1203 1204 1205 1206 1207 1208 1209 1210 1 

Temperature 30 160 160 30 160 30 30 160 30 30 a 

in (°C) 

Temperature 40 160 160 40 160 40 40 160 40 40 4 

out (°C) 

Flow 20.20* 1.84 0.60 85.50 1.05 62.90 3.49 0.97 51.30 8.90 7 

(tonne/h) 


*Flow of cooling water shown for one exchanger only. 


B.11.1 Process Description 


Two liquid feed streams containing propylene and butene and a 
stream of catalyst slurried with 1-hexene are mixed at a pressure 


of approximately 8 bar prior to being sent to the reactor. The 
reactor consists of five essentially well-mixed sections, with 
similar concentrations in each section. Heat removal is achieved 
by using pump-arounds from each stage through external heat 
exchangers. The reactor effluent is partially vaporized before 
being fed to the first of three distillation columns. The first 
column (T-1201) removes the unreacted C, and C, components, 
which are used subsequently as fuel (Stream 7) or sent to LPG 
storage (Stream 6). The next column (T-1202) separates the 1- 
hexene product overhead (Stream 10) and sends the bottoms 
stream to the final column (T-1203). In T-1203, the main 1- 
heptene product (Stream 13) is taken overhead, and the Cg and 
heavier compounds are taken as the bottoms product (Stream 
14). The bottoms product is processed off-site to remove the 
heavy material and to recover spent catalyst. 


B.11.2 Reaction Kinetics 


The process given in Figure B.11.1 is based on the liquid-phase 
catalytic co-dimerization of C, and C, olefins using an 
organometallic catalyst. This catalyst is slurried with a small 
volume of the hexenes product and fed to the reactor with the 
feed streams. The volume of the catalyst stream is small 
compared with the other streams and is not included in the 
material balance given in Table B.11.1. In 1976 (CEPCI = 183), 
consumption of catalyst amounted to $9.5/1000 kg of 1-heptene 
product [1]. 

The primary reactions that take place are as follows: 


C3 Hes + C3 He > Ce H12 


l-hezene 


C3 Hs + C4Hg > C7H4 
1-heptene 


C4Hs + CyHg > Cs Hi6 


1-octene 


C3H6 + 2C4Hg > Ci H22 


1-undecene 


In order to maximize the selectivity of the heptene reaction, 
several reactor configurations were considered [1]. The reactor 
configuration that maximized the heptene production, in a 
minimum volume, was found to be a plug flow reactor in which 
the butene feed was introduced at one end and the propylene 
stream was injected along the side of the reactor. However, due 
to other considerations such as reactor complexity, it was finally 
decided to use a reactor with five equal stages in which the 
concentration in each stage is maintained approximately the 
same. Heat removal and mixing in each stage are accomplished 
by withdrawing a stream of material and pumping it through an 
external heat exchanger and back into the same stage of the 
reactor. The liquid cascades downward from stage to stage by 
means of liquid downcomers. The inside of the reactor can thus 
be considered similar to a five-plate distillation column 
(without vapor flow). The distribution of the feeds into the 
different stages is not shown in Figure B.11.1, and the 


dimensions of the reactor are taken directly from Chauvel et al. 


[1]. 


B.11.3 Simulation (CHEMCAD) Hints 


All the hydrocarbon components used in the simulation can be 
considered to be well behaved, that is no azeotrope formation. 
The simulations were carried out using the SRK VLE and 
enthalpy packages using the CHEMCAD simulator. 


B.11.4 Reference 


1. Chauvel, A., P. Leprince, Y. Barthel, C. Raimbault, and J.-P. 
Arlie, Manual of Economic Analysis of Chemical Processes, 
trans. R. Miller and E. B. Miller (New York: McGraw-Hill, 
1976), 207-228. 


B.12 DESIGN OF A SHIFT REACTOR UNIT 
TO CONVERT CO TO CO,, UNIT 1300 


The water-gas shift (WGS) reaction has been traditionally used 
to produce hydrogen from syngas, which comprises CO and Hs. 
This process can also be used for producing combustion gas 
with lower levels of carbon from a carbon-rich syngas. The shift 
reaction is mildly exothermic and equilibrium limited. 
Therefore, the extent of reaction becomes limited as the 
temperature increases along the length of the reactor. A two- 
stage process with interstage cooling is used to achieve the 
desired extent of conversion. A higher temperature results in a 
higher reaction rate, and a chromia-promoted iron oxide 
catalyst is used in the first stage. The second stage operates at a 
comparatively lower temperature, where a copper-zinc catalyst 
is used. The main reaction is 


B.12.1 Process Description 


A process flow diagram for a water-gas shift (WGS) reaction 
system is shown in Figure B.12.1. The stream table, utility 
summary, and equipment summary are in Table B.12.1, Table 
B.12.2, and Table B.12.3, respectively. The objective of the 
process is to achieve an overall 90% conversion of CO in the 
process. Syngas, Stream 1, is first heated in H-1301 before being 
mixed with steam. The effluent from the first-stage reactor, R- 
1301, is cooled in E-1301 before being sent to the second reactor 
stage, R-1302. The residual heat in the effluent from the second- 
stage reactor is utilized by raising low-pressure steam in E- 
1302. The reactor effluent is further cooled using cooling water 
in E-1303 before being sent to the flash separator, V-1301. The 
off-gas from V-1301 is usually sent to a hydrogen-recovery 
process or to a combustion system. The bottom product from V- 
1301 is sent to the wastewater treatment unit. 


H-1301 
Syngas 
Heater 


R-1301 
First-Stage 
WGS 
Reactor 


E-1301 
Interstage 
Cooler 


Syngas 


TCO 
P (bar) 


R-1302 
Second-Stage 


E-1302 
Low-Pressure 


E-1303 
Reactor 


V-1301 
Shifted 
Syngas 
Separator 


WGS Steam 
Reactor 


Effluent 


Generator Cooler 


Condensate to 
Wastewater 
Treatment Unit 


Figure B.12.1 Unit 1300: Shift Reactor Process Flow 


Diagram 


Table B.12.1 Stream Table for Unit 1300 


Stream Number 
Temperature (°C) 
Pressure (bar) 
Vapor fraction 


Mass flow (kg/h) 


Mole flow (kmol/h) 


Component flowrates 


Stream Number 


Temperature (°C) 


Pressure (bar) 


| Vapor fraction 
| Mass flow (kg/h) 
| Mole flow (kmol/h) 


Component flowrates 
(kmol/h) 


1 3 4 6 

115 320 325 319.7 
16.7 15.2 16.2 15.2 
1.0 1.0 1.0 1.0 
2191.2 2191.2 1678.3 3869.5 
100.0 100.0 93.2 193.2 
31.3 31.3 0.0 31.3 
af) 27.7 0.0 DTE 
40.2 40.2 0.0 40.2 
0.8 0.8 93.2 94.0 
7 8 9 10 
425.1 250.1 50 50 
14.7 13.8 12.7 11.7 
1.0 1.0 1.0 0.0 
3869.5 3869.5 2705.0 1164.5 
193.2 193.2 128.6 64.6 
11.6 3.1 3.1 0.0 
47.4 55-9 55-9 0.0 
59.9 68.4 68.4 0.0 
74.3 65.8 1.2 64.6 


Table B.12.2 Utility Summary Table for Unit 1300 


| E-1301 E-1302 


| bfw bfw 


E-1303 


CW 


| 688 kg/h 201 kg/h 90,365 kg/h | 


Table B.12.3 Major Equipment Summary for Unit 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in tubes 


1300 
Heat Exchangers 
| E-1301 E-1303 | 
| A = 67.2 m? A=62.2 m" | 
Floating head, carbon steel, shell- Floating head, carbon steel, shell- | 
and-tube design and-tube design 
| Process stream in tubes Process stream in shell | 
| Q = 1580 MJ/h Q = 3764 MJ/h | 
Maximum pressure rating of 19 Maximum pressure rating of 19 | 
bar bar 
| E-1302 | 
| A= 31.7 m” | 
| 
| 


Q = 455 MJ/h 
Maximum pressure rating of 19 
bar 
Reactors 
| R-1301 R-1302 | 
Carbon steel, chromia-promoted Carbon steel, copper-zinc oxide 
iron oxide catalyst catalyst 
| Catalyst bed height = 2.8 m Catalyst bed height = 1.9 m | 
| Diameter = 0.75 m Diameter = 0.75 m | 
Maximum pressure rating of 19 Maximum pressure rating of 19 
bar bar 
Maximum allowable catalyst Maximum allowable catalyst 
temperature = 477°C temperature = 288°C 


bar 


Fired Heater 
| H-1301 
| Vertical 
| Required heat load = 696 MJ/h 


Design (maximum) heat load = 
800 MJ/h 


75% thermal efficiency 


Maximum pressure rating of 19 
l 


Maximum pressure rating of 19 
bar 


B.12.2 Reaction Kinetics 


The rate equation representing midlife activity of a typical WGS 
reactor catalyst is given by Rase [1] as 


— Ey YCO, YH» 
—Tco = koexp | (veown, Or mam) 
(B.12.2) 
where 
ko = 0.2986 kmol/(kg cat. s) for iron catalyst 
= 0.0090 kmol/(kg cat. s) for copper-zinc catalyst 
Eo = 40,739 kJ/kmol for iron catalyst 


= 15,427 kJ/kmol for copper-zinc catalyst 


Keq = exp [—4.33 + 27°] for589K < T < 756K 
= exp [—4.72 + 4] for422K < T < 589K 


Particle density = 2018 kg/ m? for iron catalyst 
= 2483 kg/ m? for copper-zinc catalyst 

Bulk density = 1121 kg/ m? for the first bed with iron catalyst 
= 1442 kg/ m” for copper-zinc catalyst 


Particle diameter = 1.0 mm for both catalysts 


In this process, the steam/CO ratio can be manipulated to 
affect the CO conversion. The optimum values can be 
determined by an economic analysis. A higher steam/CO ratio 
may result in a shorter overall reactor length and less residual 
CO, but it adds to the cost due to the use of steam and a larger 
diameter of the reactor(s) to accommodate the larger flowrate. 
Table B.12.1 shows stream data for a process using a steam/CO 
ratio of 3 (molar basis). 


B.12.3 Simulation (Aspen Plus) Hints 

An Aspen Plus simulation is the basis for the design. The Peng- 
Robinson equation of state is used for the process side. The 
Ergun equation is used for calculating the pressure drop in the 
reactors. It should be noted that the steam/CO ratio affects not 
only the extent of CO conversion but also the temperature in the 
reactors. The maximum allowable temperature for the catalysts 
indicated in Table B.12.3 should not be violated. 


B.12.4 Reference 


1. Rase, H. F., Chemical Reactor Design for Process Plants, 
Vol. 2: Case Studies and Design Data (New York: John 
Wiley & Sons, 1977). 


B.13 DESIGN OF A DUAL-STAGE 
SELEXOL UNIT TO REMOVE CO, 


AND H,S FROM COAL-DERIVED 
SYNTHESIS GAS, UNIT 1400 


CO. capture and sequestration from coal-derived syngas is 
being strongly considered to reduce environmental pollution. 
Because of a number of advantages, such as lower solvent loss, 
higher selectivity toward H.S, better thermal stability, better 
water solubility, and lower circulation rate [1], dimethyl ether of 
polyethylene glycol (DEPG, Selexol) is very suitable for selective 
capture of CO, and H.S when the partial pressure of these acid 
gases is high. 


B.13.1 Process Description 


A process flow diagram for the dual-stage Selexol unit [1] is 
shown in Figure B.13.1. The stream table, utility summary, and 
equipment summary are in Table B.13.1, Table B.13.2, and Table 
B.13.3, respectively. The objective of the plant design is to 
achieve an overall 80% capture of CO. in the process and to 
ensure that the H,S content of the clean gas is less than 5 ppmv. 
In addition, the H.S concentration in Stream 14 should be 45 
mol%. In this project, the dual-stage Selexol unit is configured 
for selective removal of H.S (first stage) and CO, (second stage) 
from the sour syngas using the Selexol solvent. Most of the HS 
in the syngas is absorbed in the semi-lean solvent as it passes 
through the H.S absorber. The off-gas from the top of the HS 
absorber is sent to the CO, absorber. A portion of the loaded 
solvent from the bottom of the CO, absorber is cooled in a water 
cooler, chilled, and then sent to the H.S absorber. The rich 
solvent from the bottom of the H.S absorber is heated by 
exchanging heat with the lean solvent from the stripper. Then, 
the syngas goes to a flash vessel (V-1403), called an H S 
concentrator, that helps to decrease the CO. content in the rich 
solvent. The vapor from the flash vessel is recycled back to the 
H.S absorber. The bottom stream from the flash vessel goes to 
the Selexol stripper, which uses a combination of stripping 
steam and a reboiler for regenerating the solvent. The stripper 
off-gas, Stream 14, goes to the Claus unit, where the HS 
concentration must be maintained at a desired value for 
maintaining the Claus furnace temperature. Along with the 
stripper, the H.S concentrator plays a key role in generating the 
desired H.S concentration in the feed to the Claus unit. Makeup 
solvent is mixed with the stripped solvent and sent to the top 
tray of the CO, absorber. The remaining portion of the loaded 
solvent from the bottom of the CO. absorber is heated and sent 
through a series of two flash vessels, called medium-pressure 
(MP) and low-pressure (LP) flash vessels, respectively, to 
recover CO, for compression in preparation for storage. The 
semi-lean solvent leaving the LP flash vessel is pumped by P- 
1402 and then chilled before returning to the fourth tray of the 
CO, absorber. An NH, vapor-compression cycle is usually 
considered for refrigeration. For simplicity, it can be assumed 
that a refrigerant is available at -20°C. 


E-1401 E-1402 
Intermediate Semi-Lean 
Solvent Cooler Solvent Cooler 


E-1403 
H,S Concentrator 
Feed/Bottom Exchanger 


1401 ¥1402 V-1403 T1403 P-1403 T1401 T1402 
MP CO, LP CO, H,S Stripper Stripper H,S co, 
FlashDrum Flash Drum Concentrator RefluxPump Absorber Absorber 
£1404 P-1404 P-1401 P-1402 V-1404 E-1405 E-1406 
RecycleGas Lean Solvent Intermediate Semi-lean Stripper Stripper Stripper 
Cooler Pump SolventPump SolventPump RefluxDrum Condenser Reboiler 


D Oo 


nig Clean 


Ea D e-u uk 


E1402 


H,S Rich Gas 
to Claus Unit 


an ~D 
©- © AS. a 
Figure B.13.1 Unit 1400: Selexol Unit Flow Diagram 
Table B.13.1 Stream Table for Unit 1400* 

Stream 

Number 1 2 3 4 5 

Temperature 20.1 7.2 10.8 11.3 9.7 

(°C) 

Pressure 21.4 20.7 23.4 5.1 5.1 

(bar) 

Vapor 1.0 1.0 0.0 0.02 1.0 

fraction 

Mass flow 104.6 123.8 729.1 2209.5 9.62 

(tonne/h) 

Mole flow 5389.0 5888.1 4490.4 13,607.8 270.5 

(kmol/h) 

Component 

flowrates 

(kmol/h) 

Selexol 0.0 0.0 2430.0 7364.0 0.0 

CO 28.8 29.2 0.3 1.0 0.8 

CO. 1114.0 1495.8 446.3 1352.5 187.9 

Hə 2468.8 2481.9 13.1 39.8 36.6 

HO 23.1 4.4 1583.3 4798.1 0.8 

No 1605.1 1818.3 14.8 44.9 39.4 

AR 33.0 34.8 1.3 3.7 2.3 

CH4 48.0 49.2 1.3 3.8 By 

NH3 1.1 0.0 0.0 0.0 0.0 
(1.4 x (9.2 x (2.8 x (6.7 x 
10 *) 10 °) 10 ^) 10 ô) 

H2S 67.1 0.0 0.0 0.0 0.0 
(7.9 x (5.5 x (1.7 x (3.2 x 


*Whenever NH; and H3S flows are low, they are provided inside 
parentheses for tracking these species through the flowsheet mainly 
because these species are maintained at a very low level (ppm level) in 
the clean gas. 


Stream 
Number 6 7 8 9 10 
Temperature 9.7 6.1 6.1 8.2 5.2 
(°C) 
Pressure 5.1 1.5 1.5 20.0 DANY, 
(bar) 
Vapor 0.0 1.0 0.0 1.0 0.0 
fraction 
Mass flow 2199.8 28.5 2171.4 66.7 709.04 
(tonne/h) 
Mole flow 13,337-3 655.8 12,681.5 4516.1 4019.2 
(kmol/h) 
Component 
flowrates 
(kmol/h) 
| Selexol 7364.0 0.0 7364.0 0.0 2430.0 
| CO 0.2 0.2 0.0 27.9 0.0 
| CO. 1164.6 638.7 525.9 222.8 0.0 
| Hə 32 OY) 0.0 2429.0 0.0 
| H20 4797.3 6.0 4791.3 3-5 1589.2 
| Nə 5.5 5.4 0.1 1758.7 0.0 
| AR 1.4 1.3 0.1 30.0 0.0 
| CH, 1.1 1.0 0.1 44.2 0.0 
| NH, 0.0 0.0 0.0 0.0 0.0 
(2.7 x (4.2 x (2.29 x (1.4 x (5.0 x 
-4 -5 -4 -6 11 
10 °) 10 °) 10 °) 10 ) 10 ) 
| H2S 0.0 0.0 0.0 0.0 0.0 
(1.6 x (2.0 x (1.4 x (5.1 x (2.3 x 
10 °) 10 *) 10 °) 10°) 10) 
Stream 
Number 11 12 13 14 15 
Temperature 12.0 169.3 169.3 50.0 50.0 
(°C) 
Pressure 20.8 10.0 10.0 1.2 5.0 
(bar) 
Vapor 0.0 1.0 0.0 1.0 0.0 
fraction 
Mass flow 738.0 29.2 714.5 5.45 1.54 
(tonne/h) 
Mole flow 4753.8 787.9 4165.9 148.9 85.2 
(kmol/h) 
Component 
flowrates 
(kmol/h) 
| Selexol 2434.2 4.2 2430.0 0.0 0.0 


CO 0.3 0.3 0.0 0.0 0.0 


COs 459.7 395.1 64.6 64.5 0.0 


| Hə 13.4 13.4 0.0 0.0 0.0 
| H20 1654.5 52.5 1602.0 15.2 85.1 
| No 13.6 212.0 0.9 0.9 0.0 
| AR 1.3 1.8 0.2 0.2 0.0 
| CH4 1.3 1.3 0.0 0.0 0.0 
NH; 3.5 2.4 1.1 1.1 0.0 
(0.013) 
H.S 172.0 104.9 67.1 67.0 0.0 
(0.081) 
Stream 
Number 16 17 18 19 20 21 
Temperature 50.0 49.0 49.0 30.0 100.0 160.0 
(°C) 
Pressure 1.3 1.2 1.2 1.5 20.0 6.0 
(bar) 
Vapor 0.0 0.0 0.0 0.0 1.0 1.0 
fraction 
Mass flow 2.11 709.1 1.5 1.4 5.61 1.63 
(kg/h) 
Mole flow 117.1 4022.5 8.3 5.0 200.0 90.7 
(kmol/h) 
Component 
flowrates 
(kmol/h) 
| Selexol 0.0 2430.0 5.0 5.0 0.0 0.0 
| CO 0.0 0.0 0.0 0.0 0.0 0.0 
| CO. 0.0 0.0 0.0 0.0 0.0 0.0 
| Hə 0.0 0.0 0.0 0.0 0.0 0.0 
| HO 116.9 1593.0 3.3 0.0 0.0 90.7 
| No 0.0 0.0 0.0 0.0 199.2 0.0 
| AR 0.0 0.0 0.0 0.0 0.8 0.0 
| CH, 0.0 0.0 0.0 0.0 0.0 0.0 
| NH3 0.0 0.0 0.0 0.0 0.0 0.0 
(0.017) (5.0 x (1.0 x 
=11 13 
10 ) 10 ~) 
| HS 0.1 0.0 0.0 0.0 0.0 0.0 
(2.4 x (4.8 x 
-8. 11 
10 ) 10 ) 


Table B.13.2 Utility Summary Table for Unit 1400 


E-1401 E-1402 E-1405 E-1406 E-1407 
refrigerant refrigerant cw hps refrigerant | 
5465kg/h 5798kg/h 221,400 41,400 40,032 

kg/h kg/h kg/h 


Table B.13.3 Major Equipment Summary for Unit 


1400 


Heat Exchangers 


| E-1401 
| A = 87.7 m? 


Floating head, stainless 
steel, shell-and-tube design 


| Process stream in tubes 
| Q = 7493 MJ/h 


Maximum pressure rating 
of 26 bar 


| E-1402 
| 4 = 100.7m> 


Floating head, stainless 
steel, shell-and-tube design 


| Process stream in tubes 
| Q= 7950 MJ/h 


Maximum pressure rating 
of 25 bar 


| E-1403 
| A = 3344.2 m° 


Stainless steel, plate type 
(usually proprietary) 


| Q = 270,996 MJ/h 


Maximum pressure rating 
of 24 bar 


| E-1404 


Carbon steel, finned 
surface air coolers 


| Q = 6720 MJ/h 


Maximum pressure rating 
of 26 bar 


E-1405 
A=76.5 m? 


Floating head, carbon steel, shell-and- 
tube design 


Process stream in shell side 
Q = 9229 MJ/h 


Maximum pressure rating of 8 bar 


E-1406 
A = 306.9 m” 


Floating head, carbon steel, shell-and- 
tube design 


Process stream in shell side 
Q = 70,402 MJ/h 


Maximum pressure rating of 8 bar 


E-1407 
A = 436.5 m? 


Floating head, stainless steel, shell-and- 
tube design Process stream in tubes 


Q = 54,893 MJ/h 


Maximum pressure rating of 8 bar 


Centrifugal 
Carbon steel 


Actual power = 85.2 kW 


Carbon steel 


Actual power = 1485.1 kW 


E Efficiency 75% 


Efficiency 78% 


P-1403 

Centrifugal 

Carbon steel 

Actual power = 0.7 KW 
Efficiency 70% 

P-1404 

Centrifugal 

Carbon steel 

Actual power = 505.0 kW 


Efficiency 75% 


Towers 
| T-1401 


| Carbon steel 
l 


T-1403 


Carbon steel 


12 valve trays 8 valve trays plus reboiler and condenser 


24-in tray spacing 24-in tray spacing 
Column height = 18.0 m Column height = 16.2 m 
Diameter = 3.0 m Diameter = 3.6 m 

of 26 bar 

T-1402 


| Maximum pressure rating Maximum pressure rating of 8 bar | 
| Carbon steel | 
| 13 valve trays | 
| 24-in tray spacing | 
| Column height = 25.0 m | 


Diameter = 5.2 m 


Maximum pressure rating 


of 25 bar 

Vessels 
| V-1401 V-1403 | 
| Vertical Vertical | 
| Carbon steel Carbon steel | 
| Length = 15.60 m Length = 11.20 m | 
| Diameter = 5.20 m Diameter = 3.73 m | 
| Maximum pressure rating Maximum pressure rating of 26 bar | 

of 25 bar 
| V-1402 V-14.04 | 
| Vertical Vertical | 
| Carbon steel Carbon steel | 
| Length = 15.45 m Length = 2.14 m | 
| Diameter = 5.15 m Diameter = 0.71 m | 

Maximum pressure rating Maximum pressure rating of 8 bar 

of 25 bar 

Compressor 

C-1401 


Carbon steel 
W = 926,466 kw 


75% isentropic efficiency 


B.13.2 Simulation (Aspen Plus) Hints 


In this study, the solvent, Selexol, is represented by an Aspen 
Plus databank component with an average molecular weight of 
280. The perturbed chain SAFT (PC-SAFT) EOS based on the 
statistical associating fluid theory (SAFT) is used to represent 
the thermophysical and transport property of the Selexol system 
accurately [2]. The DEPG vapor pressure, liquid density, heat 
capacity, viscosity, and thermal conductivity of the solvent have 
been regressed in Aspen Plus using published data [3]. 
Available data in the open literature on vapor-liquid 
equilibrium between the DEPG solvent and the selected species 
have been used to adjust the binary interaction parameters [4]. 


As mentioned before, the plant should be designed for 80% 
CO. capture, for capturing H.S such that the H.S concentration 
in Stream 14 is about 45 mol%. Because of a very high selectivity 
of H.S in Selexol (H.S solubility is about nine times that of CO, 
in the Selexol solvent), the H.S content of the clean gas becomes 
much less than 5 ppmv when 80% CO, is captured. 
Consequently, two design blocks (or controllers) are used. One 
design block maintains 80% CO, capture by manipulating the 
flowrate of Stream 10. The other design block maintains the 
H.S concentration in Stream 14 by manipulating the operating 
pressure of V-1403. This flowsheet contains a number of recycle 
streams along with the design blocks. In addition, considerable 
mass and heat integration exists. Therefore, an appropriate 
solution strategy must be considered to avoid convergence 
failure. In Section 16.3 a number of approaches to solve such 
problems were outlined. The equation-oriented (EO) method is 
suggested for this problem where a few iterations can be 
performed using the sequential modular approach to generate a 
reasonable initial guess. 

In Table B.13.3, it can be noted that the duty of heat 
exchanger E-1403 is very high. Consequently, a large heat- 
exchange area is calculated. Usually, a proprietary, plate-type 
heat exchanger is used for this service, which can provide a very 
high heat-exchange area and achieve a temperature approach as 
low as 5°C. This can significantly reduce the duties of E-1406 
and E-1407. 

It should be noted that Stream 5 contains a high amount of 
H,. To recover the Ha, the solvent can be flashed in a vessel that 
operates at a higher pressure than V-1401, and H, can be 
recycled to T-1402. This introduces another recycle stream. For 
simplicity, this option is not considered here. Interested 
students are encouraged to implement this option for H, 
recovery. 


B.13.3 References 

1. Bhattacharyya, D., R. Turton, and S. E. Zitney, “Steady State 
Simulation and Optimization of an Integrated Gasification 
Combined Cycle (IGCC) Plant with CO, Capture,” Ind. Eng. 
Chem. Res. 50 (2011): 1674-1690. 

2. Gross, J., and G. Sadowski, “Perturbed-Chain SAFT: An 
Equation of State Based on a Perturbation Theory for Chain 
Molecules,” Ind. Eng. Chem. Res. 40 (2001): 1244-1260. 

3. Aspen Plus Model of the CO, Capture Process by Selexol, 
2008, pp. 1-22; www.aspentech.com. 

4. Xu, Y., R. P. Schutte, and L. G. Hepler, “Solubilities of 
Carbon Dioxide, Hydrogen Sulfide and Sulfur Dioxide in 
Physical Solvents,” Can. J. Chem. Eng. 70 (1992): 569-573. 


B.14 DESIGN OF A CLAUS UNIT FOR THE 
CONVERSION OF H:S TO 
ELEMENTAL SULFUR, UNIT 1500 


The Claus process is one of the most common processes for 
sulfur recovery from acid gases generated in oil and gas 
refining. The Claus unit is designed to recover sulfur from the 
acid gas recovered from an acid-gas removal (AGR) unit and the 
sour gas produced from a sour-water stripper (SWS). 


B.14.1 Process Description 


The PFD of the Claus process is shown in Figure B.14.1. The 
stream table, utility summary, and equipment summary are in 
Table B.14.1, Table B.14.2, and Table B.14.3, respectively. The 
Claus unit is designed so that it can process acid and sour-water 
gases generated in the operation of an integrated gasification 
combined cycle (IGCC) power plant. Efficient design of a Claus 
process depends upon high recovery of sulfur and complete 
destruction of other impurities such as methane and ammonia 
[1-4]. It should be noted that elemental sulfur, in the operating 
temperature range of the Claus unit, can exist as S, and Sg, 
among others. For simplicity, only these two sulfur species will 
be considered. 


E-1501 E-1502  £-1503 H-1501 E-1504 E-1505 V-1501 E-1506 R-1501 E-1507 


Oxygen SWS AGR = Claus_— Waste Heat Waste Heat Sulfur Preheater1 Claus Aftercooler 1 
Heater Off-gas Unit Furnace Boiler Boiler Separator 1 Reactor 1 
Heater Off-Gas (hps generator) (mps generator) 


Bester v-is02 £1508  R-1502  E-1509 v-1503 


Sulfur Preheater2 Claus Aftercooler2 Sulfur 


= Separator 2 Reactor 2 Separator 3 
£1501 [hps 


H-1501 A H-1502B 

Flame Anoxic 
230 Zone Zone wW 
D 
sws £1502 kps 


Off-Gas H1501 
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Figure B.14.1 Unit 1500: Claus Unit Process Flow Diagram 


Table B.14.1 Stream Table for Unit 1500 


5 
Carbon dioxide 0.0 16.9 174.1 142.8 


Stream Number 1 2 3 4 
| Temperature (°C) 32 120 50 345 | 
| Pressure (bar) 10.0 2.4 2.1 7, | 
| Vapor fraction 1.0 1.0 1.0 1.0 | 
| Mass flow (tonne/h) 3.01 27D 14.4 19.6 | 
| Mole flow (kmol/h) 94.7 85.9 388.1 553.9 | 
Component flowrates | 
(kmol/h) 
| Hydrogen sulfide 0.0 23.9 159.1 40.3 | 
| Sulfur dioxide 0.0 0.0 0.0 20.1 | 
| Water 0.0 0.0 15.6 203. | 
| | 
l l 


Carbon monoxide 


Oxygen 
Hydrogen 


Ammonia 
S2 


| Nitrogen 
|s 


Stream Number 


90.0 


10.2 


31.6 


31.3 


Temperature (°C) 195 195 195 314 
| Pressure (bar) 1.6 1.6 1.6 1.3 
| Vapor fraction 0.97 0.0 1.0 1.0 
| Mass flow (tonne/h) 19.6 2172 15.9 15.9 
| Mole flow (kmol/h) 553.8 15.3 538.5 529.4 
| Component flowrates 
(kmol/h) 
| Hydrogen sulfide 40.3 0.0 40.3 11.1 
| Sulfur dioxide 20.1 0.0 20.1 5.5 
| Water 203.5 0.7 202.8 232.0 
| Carbon dioxide 142.8 0.0 142.8 142.8 
| Carbon monoxide 50.3 0.0 50.3 50.3 
| Oxygen 0.0 0.0 0.0 0.0 
| Hydrogen 24.2 0.0 24.2 24.2 
| Nitrogen 57.1 0.0 57.1 57.1 
| Ammonia 0.0 0.0 0.0 0.0 
| S2 0.2 0.2 0.0 0.1 
| Sg 15.3 14.4 0.9 6.3 
Stream Number 9 10 11 12 
Temperature (°C) 175 175 175 234 
| Pressure (bar) 1.2 1.2 1.2 1.0 
| Vapor fraction 0.99 0.0 1.0 1.0 
| Mass flow (tonne/h) 15.9 1.51 14.4 14.4 
| Mole flow (kmol/h) 529.4 6.3 523.1 520.9 
| Component flowrates 
(kmol/h) 
| Hydrogen sulfide 11.1 0.0 11.1 4.0 
| Sulfur dioxide 5.5 0.0 5.5 2.0 
| Water 232.0 0.4 231.6 238.8 
| Carbon dioxide 142.8 0.0 142.8 142.8 
| Carbon monoxide 50.3 0.0 50.3 50.3 
| Oxygen 0.0 0.0 0.0 0.0 
| Hydrogen 24.2 0.0 24.2 24.2 
| Nitrogen 57.1 0.0 57.1 57.1 
| Ammonia 0.0 0.0 0.0 0.0 
| 


Stream Number 


6.3 5.8 0.5 1.8 | 


15 16 


13 14 


Temperature (°C) 

| Pressure (bar) 

| Vapor fraction 

| Mass flow (tonne/h) 
| Mole flow (kmol/h) 


Component flowrates 
(kmol/h) 


Hydrogen sulfide 
Sulfur dioxide 
Water 

Carbon dioxide 


| Carbon monoxide 


160 160 160 187 


0.9 0.9 0.9 0.9 | 
1.0 0.0 1.0 0.0 | 
14.4 0.38 14.0 5.61 | 
520.9 1.6 519.3 23.15 | 
4.0 0.0 4.0 0.0 | 
2.0 0.0 2.0 0.0 | 
238.8 0.1 238.7 1.2 | 
142.8 0.0 142.8 0.0 | 
50.3 0.0 50.3 0.0 | 
0.0 0.0 0.0 0.0 | 
24.2 0.0 24.2 0.0 | 
57.1 0.0 57.1 0.0 | 
0.0 0.0 0.0 0.0 | 
0.0 0.0 0.0 0.3 | 
1.8 1.5 0.4 21.7 


Table B.14.2 Utility Summary Table for Unit 1500 


E-1501 E-1502 E-1503 E-1504 

| hps hps hps bfw | 
334.4 kg/h 213.0 kg/h 1574 kg/h 12,382 kg/h 
E-1505 E-1506 E-1507 E-1508 E-1509 

| bfw hps bfw hps cw | 
1574kg/h 531.2kg/h = 1272 kg/h 449.1kg/h 34,320 kg/h 


Table B.14.3 Major Equipment Summary for Unit 


1500 


Heat Exchangers 


| E-1501 
| A =84.8 m” 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in tubes 
Q = 565 MJ/h 


Maximum pressure rating of 2 bar 


A= 54.0 m? 


| E-1502 
| Floating head, carbon steel, shell- 


E-1506 
A = 103.3 m? 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in tube 


Maximum pressure rating of 2 bar 
E-1507 
A = 105.1 m? 


Floating head, carbon steel, shell- 


Q = 897 MJ/h | 


and-tube design 

Process stream in tubes 

Q = 360 MJ/h 

Maximum pressure rating of 2 bar 
E-1503 

A = 114.0 m? 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in tubes 

Q = 2659 MJ/h 

Maximum pressure rating of 2 bar 
E-1504 

A = 193.7 m’ 


Floating head, carbon steel, shell- 
and-tube design 


Q = 28,660 MJ/h 

Maximum pressure rating of 2 bar 
E-1505 

A = 112.9 m? 


Fixed head, carbon steel, shell- 
and-tube design 


Process stream in tubes 
Q = 3619 MJ/h 


Maximum pressure rating of 2 bar 


and-tube design 

Process stream in tube 

Q = 2898 MJ/h 

Maximum pressure rating of 2 bar 
E-1508 

A= 48.3 m? 


Floating head, carbon steel, shell- 
and-tube design 


Process stream in shell 

Q =759 MJ/h 

Maximum pressure rating of 2 bar 
E-1509 

A= 48.3 m? 


Floating head, carbon steel, shell- 
and-tube design 


Q = 1434 MJ/h 


Maximum pressure rating of 2 bar 


Reaction Furnace 
R-1501A 

Furnace (flame zone) 
Refractory lined 
Length = 0.5m 


Diameter = 2.5 m 


| Process stream in tubes 


Design pressure = 2 bar 


R-1501B 

Furnace (anoxic zone) 
Refractory lined 
Length = 4.7m 
Diameter = 2.5m 


Process stream in tube | 


Design pressure = 2 bar 


Reactors 
R-1501 


Carbon steel 


Diameter = 1.22 m 


| Packed bed filled with catalyst 
| Height = 1.92 m 


Maximum pressure rating of 2 bar 


R-1502 


Carbon steel 


Diameter = 1.22 m 


Packed bed filled with catalyst | 
Height = 1.92 m | 


Maximum pressure rating of 2 bar 


Vessels 


V-1501 


Carbon steel 


| Horizontal 
| Length = 6.80 m 


V-1503 


Carbon steel 


Horizontal | 
Length = 5.29 m | 


Diameter = 2.27m Diameter = 1.76 m 


| Maximum pressure rating of 2bar Maximum pressure rating of 2 bar | 
| Horizontal | 


Diameter = 1.69 m 


Maximum pressure rating of 2 bar 


Acid gas, Stream 2, from an acid-gas removal unit and sour- 
water gas, Stream 3, from the sour-water stripper are preheated 
in E-1502 and E-1503, respectively, with high-pressure steam 
and sent to the reaction furnace, H-1501, for combustion. 
Preheated, enriched oxygen from an air separation unit (ASU) is 
used as the oxidant in H-1501. Within the furnace, incomplete 
combustion of hydrogen sulfide to sulfur dioxide is carried out. 
Additionally, partial combustion of ammonia can also take 
place. It is desired that only one-third of the hydrogen sulfide 
contained in the gases be combusted to form a 2/1 ratio of 
hydrogen sulfide to sulfur dioxide. This 2/1 ratio of hydrogen 
sulfide to sulfur dioxide is required to maximize sulfur yield in 
the downstream reactors. Primary combustion reactions within 
H-1501 are 


Žo, 2 Oi HO 


(B.14.1) 


HS + 


3 ka 1 3 
NH; + O 5 FRO 


(B.14.2) 


These highly exothermic reactions increase the temperature 
substantially (to about 1450°C) in H-1501. Several side reactions 
take place. The side reaction shown in Equation (B.14.6) 
destroys any ammonia not combusted in Reaction (B.14.2). 


k 
HS + SO, + Ho = S> + 2H2O 


(B.14.3) 
ka 1 
HS È 5 $2 + Ho (B.14.4) 
k 
CO, + Hy = CO + HO (B.14.5) 
Fe ee a 3 3 
NH; +| E o ER 
3+ 7502 > 5 at 5 20 + 252 
(B.14.6) 


The hot process gas is then cooled in E-1504 to generate 
high-pressure steam and to quench the reactions taking place. 
At high operating temperatures, such as those in H-1501, sulfur 


exists primarily as S,. As the cooling takes place in E-1504, the 
equilibrium shifts as shown in Equation B.14.7. Due to the 
equilibrium shift, the primary sulfur species present at the 
outlet of E-1504 is Sg. 


ky 
S: = 75s (B.14.7) 


Further cooling is carried out in E-1505 by generating low- 
pressure steam. This cooled process gas is then sent to V-1501 to 
separate the liquid sulfur. The process gas is then sent to the 
first stage of a two-stage process. The process gas is heated in E- 
1506 with high-pressure steam before being sent to the reactor 
R-1501, where hydrogen sulfide and sulfur dioxide react in a 2/1 
ratio to form elemental sulfur via Equation (B.14.8) (known as 
the Claus reaction). The reactor effluent is then cooled by 
generating low-pressure steam in E-1507. The liquid sulfur is 
then removed in V-1502. The process gas is again preheated in 
E-1508 with high-pressure steam. The heated gas is sent to the 
second-stage catalytic reactor R-1502, where the reaction shown 
in Equation (B.14.8) takes place. The reactor effluent is cooled 
in E-1509 using cooling water to condense the formed sulfur. 
The process gas is then sent to a tail-gas treatment unit (not 
modeled here). 


1 ke 3 
HS + z502 = 16° + H,O 
(B.14.8) 


B.14.2 Reaction Kinetics 


Modeling of H-1501 can be simplified by assuming two zones 
within H-1501: an oxygen-rich zone (known as the flame zone) 
where faster, exothermic combustion reactions prevail, followed 
by an oxygen-deficient zone (known as the anoxic zone) where 
slower, endothermic equilibrium reactions take place. 

The combustion reactions will take place homogeneously 
within the gas phase. The rate equations are of the form [1] 


E; 
-ri = Rosenn | F | ph shh 


(B.14.9) 
where iis the equation number (B.14, i), and 
i E; kcal/kmol koi a b c 
1 11,000 1.40 x 10° 1 o 1.5 
2 40,000 4.43 x 10° o 1 0.75 


The units of r; are kmol/s/m*-reactor, the units of p; are 
atm, and the units of k, ; vary depending upon the form of the 
equation. 

The rate equations for the reactions in Equations (B.14.3) 
through (B.14.6) are [1] 


—r3 = 3.58 
5840 
| (vx, sPs0,px exp | 0.949 | ps.th,0 


T 
(B.14.10) 


x 10” exp -i 


5.0 10, 880 
—r4 = 9.17 x 10řexp Ea (nsp — exp |-5.93 + T [pspm) 


(B.14.11) 
—r; = 1.52 


—60.3 
RT 


41 Cood 
x 10” exp | | EAR ze) 


(ceo, CR — exp [-3.88 T T C05 
H 
(B.14.12) 


—27.5 
—rę = 2.29 x 10fexp | RT | ONE. CSO, 


(B.14.13) 


The units of r; are kmol/s/m*-reactor, the units of p; are 
atm, and the units of C; are kmol/ mè. 

The temperature dependence of the equilibrium between S, 
and Sg shown in Equation (B15.7) is given as [1] 


47,800 
TK] 
(B.14.14) 


K, = exp | —53.67 + 


The reaction in Equation (B.14.7) is modeled in E-1504. 
Equation (B.14.8) is catalyzed in R-1501 and R-1502 by 
either an alumina or a titanium catalyst. Since Equation 
(B.14.8) is equilibrium limited and mildly exothermic, the 
maximum allowable temperature of the catalyst is not a 
concern. However, significant catalyst deactivation occurs when 
the temperature is lowered below the dew point of sulfur, since 
the sulfur will deposit on the catalyst. For this reason, each 
reactor is operated at a sufficiently high temperature to ensure 
that no sulfur condenses and deposits on the catalyst. The rate 
equation for Equation (B.14.8) is [1] 
~7.35 | PH,sP%O, — exp [8.66 — "F ] px,opy'*” 
RT (1 + 1.14exp [="5] pmo) 
(B.14.15) 


—rg = 5360exp | 


The units of rg are mol/s/kg-cat, and the units of p; are atm. 


B.14.3 Simulation (Aspen Plus) Hints 


Due to the low-pressure operation, the ideal gas law was used to 
model the Claus process. It should be noted that the Aspen Plus 
model of H-1501 was achieved by dividing it into two zones: H- 
1501A to model the flame region, and H-1501B to model the 
anoxic region. Both sections of the furnace are modeled as 
adiabatic reactors. As substoichiometric oxygen is provided in 


the furnace to produce an H S/SO, ratio of 2/1, H-1501A is 
modeled as a PFR in which the combustion Equations (B.14.1) 
and (B.14.2) are considered. This is followed by H-1501B, a 
PFR, in which Equations (B.14.3) through (B.14.6) are 
considered. Splitting the reaction furnace into two zones is 
computationally efficient, since the rates of the combustion 
reactions occurring in the flame region are greatly different 
from the reactions occurring in the anoxic region. Very fine 
discretization is required to capture the rapid changes in 
composition and temperature that occur as a result of the 
combustion reactions. For the slower equilibrium reactions 
occurring in the anoxic region, a much coarser discretization 
can be used. If all reactions are modeled in parallel and the 
discretization is not fine enough, the model will fail to converge 
due to the rapid combustion reactions. If, however, the 
discretization is fine enough to capture the rapid changes due to 
the combustion reactions, the time for convergence will 
unnecessarily be increased due to the very fine discretization 
used for the equilibrium reactions that is not required. 

It should be noted that because only combustion reactions 
are modeled in H-1501A, the actual size of H-1501A is not 
significant for steady-state simulations as long as oxygen is 
completely consumed. It should also be noted that in “real” 
Claus furnaces, a waste heat boiler is an integral part of the 
furnace and is located at the end of the anoxic zone. For 
convenience, this exchanger is modeled separately as E-1504. 

Physical properties data for S, and Sg, if not available in a 
process simulator databank, can be found in Perry’s handbook 


[5]. 
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B.15 MODELING A DOWNWARD-FLOW, 
OXYGEN-BLOWN, ENTRAINED- 
FLOW GASIFIER, UNIT 1600 


Gasifiers can be used for generating syngas from coal, 
petroleum coke (petcoke), biomass, and similar feedstocks. In a 
gasifier, substoichiometric oxygen is provided to generate 
syngas with a higher CO/CO, ratio. Gasification reactions 
finally result in substantial conversion of carbon (as high as 
98% to 99%). There are various types of gasifiers. In this 
project, a model of a downward-flow, oxygen-blown, entrained- 
flow gasifier will be developed. 


B.15.1 Process Description 


A process flow diagram of the oxygen-blown, entrained-flow 
gasifier is shown in Figure B.15.1. Illinois no. 6 coal, Stream 1, is 
mixed with water, Stream 2, to form a slurry. Usually, the slurry 
is produced in a tank by mixing coal with the appropriate 
amount of water and then agitating for hours. For simplicity, 
uniform mixing can be assumed. The slurry along with oxygen 
(95% pure by weight), Stream 3, is sent to the gasifier. Ina 
typical gasifier operation, the oxygen-to-coal ratio is 
manipulated to maintain the gasifier exit temperature so that 
the ash remains molten and it can flow down the gasifier wall. 
However, it is difficult to measure the gasifier exit temperature 
reliably and precisely due to the harsh conditions. Therefore, 
only a ratio controller is shown in Figure B.15.1. The water-to- 
coal ratio is manipulated to maintain the viscosity of the slurry. 
Anumber of reactions take place in a gasifier. For simplicity, 
only the key reactions will be considered. As the coal enters the 
gasifier, it gets thermally decomposed, releasing the volatile 
matter (VM) and tar and leaving behind a high-carbon residue 
commonly known as char and ash, which contains a number of 
minerals such as silicon dioxide (SiO), aluminum oxide 
(Al,03), iron oxide (Fe,03), calcium oxide (CaO), and 
magnesium oxide (MgO). The quantity of the VM can be 
obtained from the proximate analysis of the coal. The tar 
produced during the devolatilization reaction cracks further, 
generating gaseous species and char. For simplicity, char and 
ash can be assumed to be graphitic carbon and pure silicon 
dioxide, respectively. The product yield due to devolatilization 
and tar cracking can be calculated by using the METC Gasifier 
Advanced Simulation (MGAS) model developed by Syamlal and 
Bissett [1]. This model is based on analytical data of the coal 
such as proximate and ultimate assays, tar composition, and so 
on, from extensive laboratory-scale experiments that 
characterize the coal. It is assumed that all the sulfur in the coal 
is converted to HS, and all the nitrogen is converted to NH3. In 
addition, higher hydrocarbons produced are neglected. As both 
the devolatilization and tar cracking reactions are usually rapid, 
they can be combined, and the combined yield of product can be 
written as 


Remote 
Set Point 


Water 


Gasifier 
Effluent 


Figure B.15.1 Unit 1600: Flow Diagram of a Downward-Flow, 
Oxygen-Blown, Entrained-Flow Gasifier 


Coal + acC + acgCO + ACO, CO, + OCH, CH, + an, He 


(B.15.1) 
+ ay,0H2O0 + ams HS + QNH; NH; + assy ASH 


Subsequently, the following reactions take place: 


CO +0.50, “5 CO; (B.15.2) 
CH, +20) Š CO: + 2HO (B.15.3) 
Hy +0.50: Š H0 (B.15.4) 

C + 0.502 + CO (B.15.5) 

C+ CO: Š 200 (B.15.6) 

C+ H0 Ë CO+H,; (B.15.7) 
CO + H20 = CO: + Hp (B.15.8) 


A number of other reactions also take place in the gasifier. For example, hydrogen gasification of char results in methane. 
Methane participates in methane-steam reforming and methane-CO) reforming reactions. There are a number of reactions 
involving NH; that are also not considered here for simplicity. It is very difficult, if not impossible, to calculate precisely the 
carbon conversion in a gasifier by using the blocks available in commercial process simulators. Complex hydrodynamics, strong 
interaction between various species, presence of multiple phases, and difficulty in characterizing coal, char, tar, and ash are 
some of the key issues that are difficult to model in a process simulator. For this reason, some deviations from the 
experimental/literature data will be observed in the Stream 4 results reported in Table B.15.4. 
Table B.15.1 Proximate and Ultimate Analysis of Illinois No. 6 Coal (as Received) 

Proximate Ultimate 
Coal MoistureVM FC AshC H O N S 
Illinois No. 65.86 34.0350.529.5968.514.546.981.493.03 
Table B.15.2 Product Yield (Mass Basis) in Equation (B.15.1) for Illinois No. 6 Coal 
Yield Parameter in Equation (B15.1)Parameter Value 


QFC 0.601 


aco 0.022 

aco, 0.012 

OCH, 0.096 

aH, 0.010 

a0 0.113 

OHS 0.032 

QNH; 0.018 

QASH 0.096 

Table B.15.3 Stream Table for the Intermediate Streams in Unit 1600 
Stream Number 51 52 
Temperature (°C) 500 1050 

Pressure (bar) 25.3 25.3 

Mass flow (tonne/h) 100.0 233.0 
Component flowrates (tonne/h) 

Coal 0.0 0.0 

C 60.08260.082 

Ash 9.593 9.593 

O2 0.0 40.796 

CO 2.157 0.0 

H2 1.027 0.0 

CO, 1.196 30.834 

H20 11.34982.018 

H2S 3.221 3.221 

N2 0.0 4.650 

CH4 9.569 0.0 

NH; 1.806 1.806 

Table B.15.4 Stream Table for Unit 1600 

Stream No. 1 2 3 4 
Temperature (°C) 40 40 50 1143 
Pressure (bar) 25.3 26.326.3 24.3 
Mass flow (tonne/h) 100.040.093.0 233.0 
Component flowrates (tonne/h) 

Coal 100.00.0 0.0 0.0 
C 0.0 0.00.0 3.237 
Ash 0.0 0.00.0 9.593 
Op 0.0 0.0 88.3500.0 
CO 0.0 0.00.0 119.805 
H? 0.0 0.0 0.0 5.319 
CO, 0.0 0.0 0.0 50.884 
H20 0.0 40.00.0 34.485 
H3S 0.0 0.0 0.0 3.221 
N2 0.0 0.0 4.650 4.650 
CH4 0.0 0.00.0 0.0 
NH; 0.0 0.00.0 1.806 


B.15.2 Reaction Kinetics 


The product yield (on a mass basis) due to devolatilization and tar cracking (Equation [B.15.1]) for Illinois no. 6 coal is 


calculated from Syamlal and Bissett [1] and reported in Table B.15.2. 


The reaction kinetics for Equation (B.15.2) is given by Westbrook and Dryer [2]: 


167,504 
RT 


kmol 


0.25 0.5 
) og Coo Cig 


—rco = 8.8 x 10! exp ( 


The reaction kinetics for Equation (B.15.3) is given by Westbrook and Dryer [2]: 


(B.15.9) 


202, 680 kmol 
—rcon, = 8.47 x 10'°exp (-232) Co Orn, m (B.15.10) 
The reaction kinetics for Equation (B.15.4) is given by Jones and Lindstedt [3]: 
n 167, 504 kmol 
—ry, = 2.72 x 10°T ‘exp (5) Cn Oos 3, (B.15.11) 


For the char combustion reaction, Equation (B.15.5), the kinetics of the surface reactions available in the open literature for a 


shrinking-core model [4] is used. For incorporating in a process simulator, the rate expression has been simplified by assuming 
that the diffusive resistance in the ash layer is the dominating resistance to mass transfer. Further, it is assumed that the char 
particles have a diameter of 400 um, and the average operating pressure of the gasifier is 24.5 atm. Subsequently, the reaction 
kinetics for Equation (B.15.5) can be written as 


B.15.12 
RT Jno 4 Fs ( ) 


—ro = 1.63 x 10°exp (=) 2/3 kmol 


The kinetics for Equation (B.15.6) is given by Wen et al. [5]: 


175, 880 kmol 
-ro = 42, 090exp (- E ) aia 


pad adie = B.15.13 
RT) COI ( ) 


The kinetics for Equation (B.15.7) is given by Wen and Onozaki [5]: 


175, 880 kmol 
-ro = 42, 090exp (-———— ) yeyx,0 —— (B.15.14) 
RT ms 


The kinetics for Equation (B.15.8) is given by Wen and Onozaki [5]: 


70, 071 Yco, YH, \ kmol 
—rco = 52.3exp | -—~—— — — B.15.15 
co p ( RT ) (veo ymo- K, a ( ) 
Table B.15.5 Major Equipment Summary for Unit 1600 
Reactors 
R-1601C 
Length = 10 m 


Diameter = 2 m 

Maximum pressure rating of 29 bar 

Maximum allowable temperature = 1900°C 

Refractory lined 

Outer wall temperature = 180°C 

Ambient temperature = 30°C 

Overall heat transfer coefficient for environmental heat loss calculation = 2 W/m?°C 
In Equation (B.15.15), 


401 
: | (B.15.16) 


Keg = exp | 3.080 + T 


In the equations provided before, the activation energy is given in kJ/kmol, the units of concentration are kmol/m*gas), and T is 
in K whenever a specific unit is needed. 

B.15.3 Simulation (Aspen Plus) Hints 

In Section 13.7, fundamentals of solids modeling were discussed. Since coal is a heterogeneous mixture of complex materials, it 
is difficult to calculate its physical properties accurately. Its enthalpy and density can be calculated using appropriate 
correlations or by using experimental data, if available, at the operating conditions of the gasifier. Coal is declared as type “NC” 
(nonconventional) in Aspen Plus. The chosen “enthalpy model” is “HCOALGEN,” which is a special model for calculating 
enthalpy of streams comprising coal. A number of empirical correlations are available for calculating heat of combustion, heat 
of formation, and heat capacity. This enthalpy model can be chosen under Data|Properties|Advanced|NC Props. Selection of 


correlations can be done by choosing the appropriate “options code” value under “option code” number. The heat of combustion 
is calculated by the available IGT (Institute of Gas Technology) correlation (option code number 1, value 5), the standard heat 
of formation is calculated by a heat of combustion-based correlation (option code number 2, value 1), and the heat capacity is 
calculated by Kirov correlation (option code number 3, value 1). Elements are considered to be in their standard states at 298.15 
K and 1 atm (option code number 4, value 1). For calculating the coal density, density model “DCOALIGT” is chosen. This 
model can be selected under Data|Properties|Advanced|NC Props. This model uses the IGT correlation for density. For using the 
models “HCOALGEN” and “DCOALIGT,” the proximate, ultimate, and sulfur analyses of coal are needed. The analysis is 
entered under the tab “Component Attr.” of the Stream 1 specification window as per the data provided in Table B.15.1. Sulfur 
is assumed to be equally distributed in the following “elements”: “pyritic, 
and ash are declared as type “solid,” and all other species are declared as “conventional.” Stream class “MIXCINC” was chosen 
so that the substream types “MIXED,” “CISOLID,” and “NC” are created to support the conventional, solid, and 
nonconventional species. To promote rapid devolatilization (Equation [B.15.1]) and subsequent combustion of the volatiles 
(Equations [B.15.2] through [B.15.4]) within a short distance from the entrance of the gasifier, the gasifier burner is designed to 
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sulfate,” and “organic.” In addition, carbon, sulfur, 


promote recirculation of a part of the hot combustion products. The homogeneous and heterogeneous reactions (Equations 
[B.15.2] through [B.15.8]) continue to take place through the gasifier. To represent these phenomena, a multizonal model can be 


developed by dividing the gasifier R-1601 into three zones as shown in Figure B.15.2. The first zone is represented by the block 
R-1601A, where only the reaction in Equation (B.15.1) takes place. R-1601A can be simulated as an “RYield” block. The 
combustion of the gaseous species (Equations [B.15.2] through [B.15.4]) is considered in the block R-1601B. It is clear from the 


rate expressions given in Equations (B.15.9) through (B.15.11) that they are very rapid at the gasifier operating temperature 


(above 1000°C). The oxygen provided is much in excess of the stoichiometric requirement for combustion of the volatiles that 
get produced in Equation (B.15.1). As a result, reactor R-1601B can be modeled as an “RStoic” reactor in Aspen Plus. The 
temperature of R-1601A is specified at 500°C, and the required heat is removed from R-1601B. All the homogeneous and 
heterogeneous reactions (Equations [B.15.2] through [B.15.8]) are considered in R-1601C, which is a PFR. The heat loss to the 
environment from the gasifier wall is considered by specifying a uniform heat flux from the reactor. Equation (B.15.11) shows 


that the kinetics of Equation (B.15.4) is very fast. As the gasifier temperature shoots up in the initial region of the gasifier due to 
the exothermic combustion reactions, reactor R-1601C may fail to converge. The preexponential factor in Equation (B.15.11) 
can be reduced by two to three orders of magnitude to avoid convergence failure. This modification will have negligible effect 
in the simulation results. 


Oxygen 


Coal 


Water 


R-1601C 


Gasifier 

Effluent 
Figure B.15.2 Unit 1600: Multizonal Approach for Modeling a Downward-Flow, Oxygen-Blown, Entrained-Flow Gasifier 
(Instrumentation Lines Not Shown) (Note: This is not a process flow diagram; it is a representation of the simulation strategy.) 
The stream data for the intermediate streams, Stream 51 and Stream 52, are provided in Table B.15.3. Since solids are included 
in this table and in Table B.15.4, mass flowrates (instead of molar flowrates that are commonly reported in other examples) are 
given. 
B.15.4 References 
1. Syamlal, M., and L. A. Bissett, “METC Gasifier Advanced Simulation (MGAS) Model,” Technical Note, NITS Report No. 
DOE/METC-92/4108, 1992. 
2. Westbrook, C. K., and F. L. Dryer, “Simplified Mechanism for the Oxidation of Hydrocarbon Fuels in Flames,” Combust. 
Sci. Tech. 27 (1981): 31-43. 
3. Jones, W. P., and R. P. Lindstedt, “Global Reaction Schemes for Hydrocarbon Combustion,” Combust. Flame. 73 (1988): 
233-249, 
4. Wen, C. Y., and T. Z. Chaung, “Entrainment Coal Gasification Modeling,” Ind. Eng. Chem Process Des. Dev. 18 (1979): 
684-695. 
5. Wen, C. Y., H. Chen, and M. Onozaki, “User’s Manual for Computer Simulation and Design of the Moving Bed Coal 
Gasifier,’ DOE/MC/1 6474-1390, 1982. 


Appendix C: Design Projects 


In this appendix, six design projects are presented. The projects 
are grouped in pairs, with each pair of projects focused on a 
given process. The first project in each pair (Projects 1, 3, and 5) 
deal with an existing facility in which a problem has arisen or in 
which a change of operating conditions is desired. These types 
of problems are typically encountered in real operating plants 
and would be the type of project a young engineer might 
encounter in his or her first year or two in the plant. These 
problems often are not completely defined, and not all 
information is available. In addition, a solution to the problem 
is required in a fairly short period of time. This situation is not 
unheard of in the workplace and forces the engineer to make 
assumptions and analyze situations in which not all the 
operating variables are known. In analyzing these problems, the 
information in Section 4, Chapters 19—24, will be very useful. It 
is not recommended that these problems be given to students 
without some coverage of the material given in Section 4 of the 
text, particularly the portions on performance of existing 
equipment and troubleshooting. 

The second project in each pair (Projects 2, 4, and 6) is more 
like the typical “design” project that is covered in the senior 
capstone design course. Here, the student (or group of students) 
should be familiar with the information given in Sections 1, 2, 
and 3 and the guidelines for written reports given in Chapter 29. 

In the authors’ collective experience, the most worthwhile 
learning experience for the student is obtained during an oral 
presentation in which the student (or group of students) 
presents the results to a group of faculty members and then 
defends his/her/their solutions in a 30—40-minute question- 
and-answer period. If this method of examination is chosen, the 
information in Chapter 29 on oral presentations will also be 
useful. 


A note is made to any experienced engineer who may come 
upon these projects. It is recognized that some of the 
information given in the flow diagrams reflects poor (and 
sometimes extremely poor) engineering judgment. In fact, parts 
of some of the flow diagrams are almost caricatures of how the 
plant should be designed and operated. This is done 
intentionally, with the hope that the student will be able to find 
these gross errors and recommend improvements. The bottom 
line is that if, by doing these projects, the student can find 
errors and make improvements, then the transition from 
student to practicing engineer will have started, and we will 
have fulfilled our objective in writing this text. 

Additional design projects for a variety of processes, suitable 


for sophomore through senior classes, can be found at our Web 
site: http://cbe.statler.wvu.edu/undergraduate/ projects. 

Finally, background information for this appendix was 
obtained from the following sources: 


1. Kirk-Othmer Encyclopedia of Chemical Technology, 5th ed. (New York: 
John Wiley & Sons, 2004). 

2. McKetta, J. J., and W. A. Cunningham, eds., Encyclopedia of Chemical 
Processing and Design (New York: Marcel Dekker, 1976). 

3. Rase, H. F., Chemical Reactor Design for Process Plants, Vol. 2 (New 
York: John Wiley & Sons, 1977). 


Project 1: Increasing the Production of 
3-Chloro-1-Propene (Allyl Chloride) in 
Unit 600 


C.1.1 BACKGROUND 


You are currently employed by the TSWB Corp. at the 
Beaumont, Texas, plant, and you have been assigned to the allyl 
chloride facility. A serious situation has developed at the plant, 
and you have been assigned to assist with troubleshooting the 
problems that have arisen. 


Recently, our sister plant in Alabama was shut down by the 
EPA (Environmental Protection Agency) for violations 
concerning sulfur dioxide emissions from a furnace in the allyl 
chloride facility. Fortunately, the Beaumont facility had 
switched to natural gas as a fuel for its process in early 2010 and 
hence is currently in compliance with the EPA and Texas 
regulations. However, the loss of the Alabama plant, albeit for a 
short time only, has put considerable pressure on the Beaumont 
plant to fulfill contractual obligations to our customers in 
Alabama for allyl chloride. Thus, part of the assignment is to 
advise management concerning the increase in production of 
allyl chloride that can be made at the Beaumont facility. 

Another related issue that has been discussed by 
management is the long-term profitability of both allyl chloride 
facilities. Allyl chloride is used as a precursor in the production 
of allyl alcohol, glycerin, and a variety of other products used in 
the pharmaceutical industry. More efficient plants have recently 
been built by our competitors, and we are being slowly squeezed 
out of the market by these rival companies. We still maintain a 
loyal customer base due to our excellent technical and customer 
service departments and our aggressive sales staff. However, we 
have been losing an ever-increasing share of the market since 
the mid-2010s. At present, the future looks bleak, and if the 
profitability and efficiency of our facilities do not increase in the 
near future, we may well be shut down in the next year or two, 
when some of our long-term contracts come up for renewal. A 
second part of the assignment is to look into the overall 
profitability of the Beaumont allyl chloride facility and 
determine whether any significant improvements in the overall 
economics can be made. 


C.1.2 PROCESS DESCRIPTION OF THE 
BEAUMONT ALLYL CHLORIDE 
FACILITY 


A process flow diagram (PFD) of the allyl chloride facility is 


provided in Figure C.1. This process (Unit 600) is the one to 
which you have been assigned. 


H-601 R-601 J-601 E-601 P-601 A/B E-602 E-603 
Reactor Feed Fluidized-Bed Jet Mixer Dowtherm Dowtherm Waste-Heat Crude Allyl 
Heater Reactor Cooler Pumps Boiler Chloride Cooler 


Crude Allyl 
Chloride 


Temperature, °C 
Pressure, bar 


Chlorine 


Figure C.1 Process Flow Diagram for the Production of Allyl 
Chloride (Reaction Section) 


Allyl chloride is produced by the thermal chlorination of 
propylene at elevated temperatures and relatively low 
pressures. Along with the main reaction, several side reactions 
also take place. These are shown below. 


Main Reaction 


Cs He + Cle > C3H5Cl+ HCl A Freac,298K = —112kJ/mol 
allylchloride 


Side Reaction 
CH + Cle > C3HsCl + HCl A Freac,298K = —121kJ/mol 


2—chloropropene 


Side Reaction 

C3 He + 2Cl, => C3H4Cly + 2HCl A Fyreac,298K — —222kJ/mol 
dichloropropene 

Side Reaction 

C3 He + 3Cly > 3C + 6HC1 A Fyreac,298K = —306kJ/mol 


The propylene feed is heated in a furnace, fired by natural gas, 
and brought up to reaction temperature (design conditions are 
given in Tables C.1 and C.2). The chlorine is mixed with the hot 
propylene in a mixing nozzle and then fed to the reactor. 


Table C.1 Flow Summary and Utility Table for Unit 
600: Crude Allyl Chloride Production Facility 


Propylene 75.89 — 58.08 — 58.08 


Stream Number 1 2 3 4 5 
| Temperature (°C) 25 25 511 400 50 | 
| Pressure (bar) 11.7 6.44 2.77 11.34 2.09 | 
| Vapor fraction 1.0 1.0 1.0 0.0 1.0 | 
| Mass flowrate (tonne/h) 3.19 1.40 4.59 16.63 4.59 | 
| Molar flowrate (kmol/h) | 
| | 
| | 


Chlorine — 19.70 


| | 
| Allyl chloride — — 15.56 — 15.56 | 
| Dichloropropene — — 0.46 — 0.46 | 
| Dichloropropene — — 1.81 — 1.81 | 
| Hydrogen chloride — — 19.70 — 19.70 | 
| Carbon = = Š = = | 
| Dowtherm A — — — 4.62 kg/s — | 

Total mole flow (kmol/h) 75.89 19.70 95.61 4.62kg/s 95.61 


Fuel gas (std Cooling water bfw Steam 
Equipment m?/h) (kg/s) (kg/s) (kg/s) 


H-601 131 — — — 


E-601 — 14.5 
Tin = 30°C 
Tout = 40°C 


Pre 0.333 0.333 
(90°C) (sat. at 6 
bar) 


6.82 = 
Tin = 30°C 
Tout = 40°C 


“Carbon is formed, but at a rate that does not affect the material balance. 


“Actual gas flowrate shown; heater efficiency is 90% 


Table C.2 Equipment Design Parameters (Unit 600) 


J-601 Jet Mixer E-601 Dowtherm A Cooler 


Temperature (normal) 


Pressure Drop = 0.20 bar at Operating = 11.0 bar 
design conditions Pressure (normal) 
Operating = 3.24 bar = 15.3 bar 
Pressure (normal) (maximum) 
= 5.00 bar Operating = 400°C 
(maximum) Temperature (maximum) 
H-601 Reactor Feed Duty = 2188 MJ/h 
Preheater 
| Process Side Conditions Heat Transfer Area = 2.6 m” | 
Duty = 4000 MJ/h Double-pipe heat exchanger with 
(normal) Dowtherm in inner tube 
5400 MJ/h 
(maximum) 
Operating = 3.58 bar E-602 Waste-Heat Boiler 
Pressure (normal) 
= 4.50 bar Tube Side 
(maximum) 
Operating = 545°C Operating = 2.77 bar 
Temperature (maximum) Pressure (normal) 
R-601 Fluidized-Bed = 3.50 bar 
Reactor (maximum) 
Operating = 511°C Shell Side | 
l 


| = 525°C Operating = 6.0 bar 


(maximum) Pressure (normal) 
Operating = 3.04 bar = 8.0 bar 
Pressure (normal) (maximum) 
= 4.50 bar Duty = 2850 
(maximum) MJ/h 
| Dimensions Heat Transfer Area = 57.0 m? 


Square cross section 3.1 x 3.1m, E-603 Crude Allyl Chloride 


vessel height = 5 m Cooler 
| Fluidized-bed height = 1.5 m Tube Side 
Heat transfer area = 23.0 m? Operating = 2.43 bar 
Pressure (normal) 
Normal duty = 2188 MJ/h = 3.50 bar 
(maximum) 
Circulation Pumps 
Operating = 11.0 bar Operating = 4.0 bar 
Pressure (normal) Pressure (normal) 
= 15.0 bar = 5.0 bar 
(maximum) (maximum) 
Operating = 350°C Duty = 1025 MJ/h 
Temperature (normal) 
= 400°C Heat Transfer Area = 52.0 m” 
(maximum) 


AP (normal) = 1.55 bar (22.6 
psi) 


AP (maximum) = 2.06 bar (30 
psi) 


P-601 A/B Dowtherm A Shell Side | 


| Power (motor) = 2.5 kW 


Flowrate = 0.0068 m°/s 
(normal) 


During the thermal chlorination process, a significant 
amount of carbon can be produced, and it has a tendency to 
deposit on equipment that operates at temperatures greater 
than 400°C. For this reason, the reactor chosen for this process 
is a fluidized bed with an inert solid, sand, on the reaction side. 
The sand provides a large surface area on which the carbon can 
deposit. It also acts as a scouring agent on the immersed heat 
transfer tubes in the reactor and prevents the buildup of carbon 
on the heat transfer surfaces. The carbon, which deposits 
preferentially on the sand, is removed by combustion in the 
solids regeneration unit shown in Figure C.1. The regenerated 
sand is sent back to the reactor, thus maintaining a constant 
inventory of solids in the reactor. The heat produced in the 
reactor, by the exothermic chlorination reactions, is removed 
via the heat transfer tubes through which is circulated a heat 
transfer medium. The heat transfer fluid is the commercially 
available coolant, Dowtherm A™. Physical properties of this 
fluid are included in Table C.3 of this assignment. 


Table C.3 Properties of Dowtherm A™: Heat Transfer 


Fluid 
Properties of Dowtherm A: 
Temperature Use Liquid 16°C — 400°C 
Range Gas 257°C — 400°C 


Above 400°C Dowtherm A starts to decompose thermally. 


Liquid Properties for 350°C—400°C 


| Specific Heat Capacity 2630 J/kg/K | 


Thermal Conductivity 0.0943 W/m/K 
Viscosity 1.4 x10 “ kg/m/s 
Density 680 kg/m? 
Vapor Pressure (400°C) 10.5 bar 
Prandtl No. (Cpu/k) 3.9 


The gases leaving the reactor contain unreacted propylene 
along with the reaction products, as given in the flow table in 
Table C.1. These hot gases are cooled in a waste-heat boiler and 
a trim cooler prior to being sent for further processing, 
including the refining of the allyl chloride and the separation 
and recycle of unused propylene. 


C.1.3 SPECIFIC OBJECTIVES OF 
ASSIGNMENT 


Your immediate supervisor, Ms. Jane Garcia, has taken you 
around the allyl chloride facility and told you some of the details 
of the plant operation. These are summarized in Section C.1.4, 
Additional Background Information. She has confirmed that the 
plant is currently operating at close to the design conditions 
given in Table C.1 and that utility consumption is within a few 
percent of that shown in Table C.1. In addition, she also 
provided you with a set of battery-limit conditions, Table C.4, 
for the utilities, feeds, and products, which she has informed 
you are current and accurate. 


Table C.4 Battery-Limit Conditions for Feeds, 
Products, and Utilities (Unit 600) 


Conditions at which feed and utility streams are available and at which 
products and utility streams must be returned to the boundary of the 
process are known as the battery-limit conditions. For Unit 600 the 
battery-limit conditions that exist are listed in this table. The limiting 
conditions are given at the equipment and take into account the 
pressure loss in the associated supply and return piping. 


Medium-pressure steam* 11 bar, saturated 


| Utility Condition at Equipment 
| Cooling water 5 bar, 30°C 

| Cooling water return 4 bar, <45°C 

| Boiler feed water 6 bar, 90°C 

| High-pressure steam* 41 bar, saturated 

| 


Low-pressure steam* 6 bar, saturated 


| 
| Natural gas 4 bar, 25°C 
| Feeds and Products Condition at Process Boundary 
| Propylene 25°C, saturated vapor 
| Chlorine 25°C, saturated vapor 
Crude allyl chloride 50°C, >2.09 bar (Stream 5) 


*Steam pressure at sources, such as waste-heat boilers, may exceed 
these values in magnitude necessary to overcome pressure losses in 
header piping. 


The assignment is to provide a written report to Ms. Garcia 
by two weeks from now. This report, at a minimum, should 
contain the following items: 


1. A cover letter addressed to the supervisor 
2. An executive summary covering the following major points: 


1. Findings on how much the throughput of Unit 600 can be increased in 
the short term (without the purchase of new equipment). 


2. Findings of any potential improvements that will increase the 
profitability of Unit 600. An estimate of the impact of these changes 
should be provided (assume an internal discount rate for such 
improvements to be 15% p.a. before tax, and all improvements should be 
calculated using a five-year project life). 


3. The impact that the proposed changes in operations might have on the 
environment and the health and safety of the plant personnel. 


4. Recommendations for immediate changes in plant operations and an 
estimated time schedule in which these changes might be implemented. 
3. A list of assumptions made in carrying out the study 


4. An appendix giving details of all important calculations made in the study 


The written report should follow the guidelines outlined in 
Chapter 29. 


C.1.4 ADDITIONAL BACKGROUND 
INFORMATION 


A process flow diagram is provided in Figure C.1, and flow- 
summary and equipment-summary tables are given in Tables 
C.1 and C.2. This information is for the reaction section of Unit 
600 only. The separation section is being studied by another 
group, and changes for this section should not be considered at 
this time. The separations section is shown in Figure C.3 and 
will be considered in Project 2. The data given in the tables and 
on the PFD reflect the current operating conditions and have 
been checked recently by your operations department. Some 
additional information regarding the allyl chloride facility has 
been provided by Ms. Garcia and is summarized below. 
1. The temperature in the reactor should not exceed 525°C, because above 
this temperature, there is excessive coke production leading to operating 
problems in the downstream units. It is further recommended that the 


reactor temperature be maintained at close to 511°C during any changes in 
process operations. 


2. All process exchangers using cooling water are designed to have a 5 psi 


(0.34 bar) pressure drop on the cooling water side for the design flow rate 
of cooling water. The velocity of cooling water at design conditions was set 
at 2 m/s, and long-term operation at velocities above 3.5 m/s is not 
recommended due to increased erosion. 

3. For the fluidized-bed reactor, it may be assumed that the pressure drop 
across the bed of sand remains essentially constant regardless of the 
flowrate. 

4. The cyclone and regenerator were designed by the vendor of the 
equipment to be considerably oversized and are capable of handling any 
additional loads that might be required during this temporary change in 
operations. 

5. The heat transfer coefficient between the fluidized bed and the immersed 
heat transfer coils (the outside coefficient) is known not to vary much with 
fluidizing gas flowrate and may be assumed constant regardless of gas 
throughput. The heat exchanger in the fluidized bed may be reconfigured 
so that the three rows of tubes are piped in parallel. 

6. Flow of all process and utility streams may be considered to be fully 
developed turbulent flow. Thus the pressure drop through the equipment 
will be proportional to the square of the velocity. 

7. The conversion of propylene and chlorine in the fluidized bed will be 
virtually unaffected by changes in gas throughput. This is due to the long 
gas residence time in the reactor. In fact, the reactor’s main purpose is to 
provide a large surface area for coke deposition and to provide good heat 
transfer. In addition, small changes in operating pressure of the reactor 
will not affect the selectivity of the reaction. 

8. The crude allyl chloride (Stream 5 in Figure C.1) must be delivered to the 
separations section at a minimum pressure of 2.9 bar, and a maximum 
temperature of 50°C. 

9. A manufacturer’s pump curve for the circulating Dowtherm A pumps is 
provided in Figure C.2 of this assignment. 
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Flow of Dowtherm A (gpm at 350°C) 


Figure C.2 Pump Curve for P-601 A/B, Dowtherm A 
Circulation Pumps 


10. A set of original design calculations outlining the design of the units is 
provided. Some units were built slightly differently from these designs. 


11. The level of bfw in E-602 is set so that all of the heat transfer tubes are 
covered. 


You have also taken a tour of the plant recently, and in addition 
to confirming some of the points above with the operators, you 
have made the following observations: 
1. The Dowtherm A recirculation pump (P-601 A) is making a high-pitched 
whining noise. 
2. Steam is leaking from the pressure-relief valve placed on top of E-602. 


3. Some of the insulation on the pipe leading from the reactor R-601 to E- 
602 has come loose and is hanging from the pipe. 


C.1.5 PROCESS DESIGN CALCULATIONS 


Fluidized-Bed Reactor, R-601 


Heat generated in reactor = Qg = 2188 MJ/h Bed solids are 
150m sand particles with density (p,) of 2650 kg/m? 


At the conditions within the reactor, the process gas has the 
following properties: 


Pg = 2.15kg/m*® andy, = 2.25 x 10-°kg/m/s 
Using the correlation of Wen and Yu [1], 


Rep mf = [1135.7 — 0.0408.4r]”° — 33.7 


d3(p,—P,)P,g (150 10~®)*(9.81)(2650—2.15) (2.15) 


whereAr = ——>—_ = 5 
Hg (2.25x107°) 
= 372 
Therefore, Rep mf = [1135.7 + 0.0408 x 372]°° — 33.7 
= 0.2246 
Um f Up Pg 0.2246) (2.25 x10~° 
Rep,mf = TT va Umf = Oy 
= 0.0157m/s 


Total volumetric flow of gas at inlet conditions to the 
bed = ùgas = 0.5674m? /s 

Good heat transfer is needed, so the bed will be operated at 5 
times Um, which puts it into the bubbling bed regime. 


Free bed area (without heat transfer tubes) = 
Ùgas /SUmf = 0.5674/(510.0157) = 7.2m? 


Looking at the heat transfer area for the fluidized bed: 


Heat transfer area required in bed = Ao 
Overall heat transfer coefficient = U, 


Assume that the fluidized solids are well mixed and 
isothermal, and assume that the cooling medium enters the bed 
at 350°C and leaves at 400°C, the latter being the maximum 
operating temperature for Dowtherm A. 


160 — 110 
ATm = nee = 133.4°C 


~ In (160/110) 


Fluidized-Bed Solids 
510°C 


400°C 


350°C Dowtherm A 


Q 


The inside film heat transfer coefficient, h;, is calculated from 
the Seider-Tate equation: Nu = 0.023Re®™8Pr°33(u/ uo)? 


Assuming a velocity of 1.5 m/s inside a 3-in schedule-40 pipe 
(ID = 0.0779 m is assumed, OD = 0.0889 m), then 


Re = (0.0779) (1.5)(680) /(1.4 x 1074) = 567 x 10° 
Nu = hid/k = 0.023(567 x 10)"*(3.9)°3? = 1445 
h; = (1445) (0.0943) /(0.0779) = 1750W /m?K 


The outside film heat transfer coefficient ho = 267 W/m°K (from 
previous plant operating data), and the fouling coefficient on 
the inside = 2500 W/m°K. 


do /d; = 0.0889/0.0779 = 1.14 


Ignoring the wall resistance, the overall transfer coefficient U, is 
obtained from 


U, = — +r = 206W /m?K 


1, 114 
267 ' 2500 ' 1750 


— QR _ 2188x10° = 2 
Ay = U,ATim  (3600)(206)(133) 22.2m 


Now assuming that the tubes are 10 ft long and 3 in in diameter 
(schedule-40), the heat transfer area per tube is 


rdo L = (3.142)(0.0889)(10) (0.3048) = 0.8513m? 


.. number of tubes required Nr = 22.2/0.8513 = 27 tubes. 

Using 3 layers of 9 tubes piped in series and placed in 
horizontal rows in the bed, each row occupies the following 
cross-sectional area (csa) of bed: 


(9) (do) (L) = (9) (0.0889) (3.048) = 2.4m? 


<. total csa for the bed = 2.4 + 7.2 = 9.6 m° 


Use a square bed with side dimensions = (9.6)°° = 3.1m 
(10.2 ft). 


Check Velocity in Tubes 


csa for flow of Dowtherm A in tubes =  d;"/4 = (3.142) 
(0.0779)"/4 = 4.766 x 10 ° m° flow of Dowtherm A = 6.797 x 
10 °m°/s .". velocity of Dowtherm A in tubes = 6.797 x 

10 °/4.766 x 10 ° = 1.43 m/s > assumption is OK 


Pressure Drop in Tubes 

Re = 5.41 x 10° .”. friction factor f = 0.0045 (with e/d = 0.0006) 

AP = 2fL,gpu /d = (2) (0.0045) (680) (1.43)° Leg/ (0.0779) = 161 

Leg 

Now Leg = equivalent length of pipe in three rows of heat 

transfer pipes in fluidized bed = (27) (3.048) (1.5) = 123 m (take 

this as 1.5 times length of pipe to account for fittings) .. AP = 

(162) (123) = 0.20 bar 

Set bed height (height of sand above distributor plate) = 1.5 m. 
This gives a gas residence time in the bed of (7.2) (1.5) 

(0.45)/0.5674 = 8.6 s. This should be plenty of time because 

complete reaction should take only about 2-3 s. 


APrea = hiedPsana (1 = €)g = (1.5) (2650) (1 = 0.45) (9.81) 
= 0.214bar 


Assume 0.04 bar for distributor loss and 0.064 bar for cyclones 
to give the overall equipment pressure drop: 


AP reactor = 0.214 + 0.04 + 0.016 = 0.27bar 


The design of the fluidized bed is given in the sketch below: Side 
view of bed showing 3 rows of 9 tubes: 


Overhead view of bed showing piping arrangement for one row; 
each row is piped in series with the row below. 


For exchanger E-601, ATim = (360 — 320)/ In (360/320) = 
340°C and U = 850 W/m? K (approximately equal resistances 
on both sides and small fouling resistances). Heat transfer area 
Ais given by 


A = 2188 x 10° /(3600)(340)(850) = 2.1m? 


Use a double-pipe heat exchanger because area is small. 
Considering the Dowtherm A circulation loop shown in the 
following figure, the following information is given: 

Cooling water flowrate = 2188 x 10°/(3600) (4180) (10) = 14.5 
kg/s Dowtherm flowrate = 2188 x 10°/(3600) (2630) (50) = 
4.62 kg/s Pressure drop across the exchanger = 0.34 bar for 
Dowtherm and cooling water Velocity of cooling water through 
exchanger set at 2 m/s 


Dowtherm A Cooling Loop 


E-601 | cw (30°C) 


From R-601 
(400°C) 


cwr (40°C) 


To R-601 
(350°C) 


P-601 A/B 


For pumps P-601 A/B, assume 

0.34 bar (5 psi) pressure drop across exchanger on Dowtherm side 0.14 bar (2 psi) pressure drop for piping 

0.85 bar (12.4 psi) pressure drop across the control valve 

0.20 bar (2.9 psi) pressure drop across the reactor exchanger Total loop pressure drop = 1.53 bar = 22.3 psi 

Flow of Dowtherm = 4.62/680 = 6.797 x 10° m?/s = 108 gpm Power required for pumping liquid = ġAP = (6.797 x10 °) 
(1.53x105) = 1.04 kw 

Assuming an efficiency of 45%, the shaft power = 1.04/0.45 = 2.31 kW 

Use a 2.5 kW pump plus a spare 

Considering the waste heat boiler, E-602, shown in the figure on the following page: 


Zone I U=90 W/m? K (all resistance on gas side) Zone II U= 90 W/m? K (all resistance on gas side) 
Waste-Heat Boiler E-602 


6 bar steam (160°C) 


From R-601 To E-603 
(511°C) (200°C) 
bfw (90°C) 
T 511°C 
200°C 


90°C 
Q 
The heat released as gas cools from 511°C to 200°C is 2850 MJ/h = 792 kW. 


A Ho ju_steam = 2380kJ /kg 
Steam flowrate = 792/2380 = 0.333kg/s(hr = 376.9, Ax, sat 
= 675.5, hv sat = 2756.9kJ /kg) 
Qo0-160°C.Lig = (0-333) (675.5 — 376.9) = 99kW 
Q160°C.Lig_Vap = (0-333) (2756.9 — 675.5) = 693kW 


For Zone I: 
(Tr — 200) / (510 — 200) = 99/792 > Tr = 238.8°C 
(239—160) —(200—90) Š 
(200—90) 
ArQr/UrATim F = 99 x 10° /(90)(93.6)(1.0) = 11.8m? 
For Zone II: 


= (239—160)—(511—160) 
— (239—160) 
(511-160) 


ArrQrr/UrrATim = 693 x 10° /(90)(182.4) = 42.2m? 


ATi = 182.4°C 


Total Area A = Ar + Ajp= 11.8 + 42.2 = 54 m? 
Cp gas = 1490J/kg.K 
Q mMmCp,gas AT = (4590)(1490)(200 — 50)/3600 = 0.285MW 
Crude Allyl Chloride Cooler, E-603 


cw (300°C) 


From E-602 (200°C) 50°C 


cwr (40°C) 


200°C 
T 

o 50°C 
— 30°C 


From the figure above, the following information is calculated: 


Mew = (0.285 x 10°)/(4180)(10) = 6.82kg/s 
ATim = (160 — 20)/1n(160/20) = 67.3°C 
U =90W/m?K 
A =Q/UAT mF = (0.285 x 10°) /(90)(67.3)(0.95) = 49.5m? 


REFERENCE 
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Project 2: Design and Optimization of 
a New 20,000-Metric-Tons-per-Year 
Facility to Produce Allyl Chloride at 

La Nueva Cantina, Mexico 


C.2.1 BACKGROUND 


Recent developments at the Alabama plant have brought into 
question the stability of our allyl chloride production capacity. It 
has been noted that the North American market for allyl 
chloride consumption will probably grow extensively in the next 
decade and that additional production capacity may be needed. 
In order to maintain our current market share and to remain 
competitive in this market, it may become necessary to build a 
new allyl chloride facility. 

With this in mind, a new (grassroots) production facility to 
produce commercial-grade allyl chloride is being investigated. 
This facility would most likely be situated in La Nueva Cantina, 
Mexico, close to our petrochemical facility, which would be able 
to supply propylene. The supply of chlorine from local 
manufacturers will also be plentiful. Your group has been given 
the task of doing a process estimate for this new facility. 


C.2.2 ASSIGNMENT 


The assignment is to design and optimize a new grassroots 
20,000 tonne/y allyl chloride facility. This facility will produce 
commercial-grade allyl chloride from the synthesis reaction 
between propylene and chlorine. The front-end process is to use 
fluidized-bed technology similar to that currently in use in Unit 
600 at Beaumont, Texas (see Project 1). This assignment 
concerns the design of a new plant, and, except for the fluidized- 
bed reactor unit, the plant may be reconfigured in any way that 
you feel is appropriate. For the fluidized-bed reactor, kinetic 
equations are not available, and therefore, the design should be 
similar to that of the Beaumont unit. With this in mind, the 
reactor temperature should be close to 511°C, and the ratio of 
propylene to chlorine into the reactor should remain the same. 
Although the selectivity of the reaction changes with the reactor 
pressure, it may be assumed for this preliminary design that the 
selectivity is unaffected by changes in pressure. The final design 
should be the one that maximizes the net present value (NPV) 
of the project under the following economic constraints: 
After-tax internal hurdle rate = 10% 

Depreciation = MACRS (6-year schedule; see Chapter 9) 
Taxation rate = 15% 

Labor costs to be based on U.S. equivalent wage rate 


Construction period = 2 years 


Project plant life = 15 years after start-up 


Additional process information and some hints regarding problem-solving strategy are given below. The written report should 
be submitted in four weeks. The guidelines for written and oral reports given in Chapter 29 should be followed for this 


assignment. 
C.2.3 PROBLEM-SOLVING METHODOLOGY 


The optimization of a process as large and complicated as this one is not a trivial matter. To help with this endeavor the 
following hints are given. (You may use all or none of them as you see fit.) 

When initially running case studies using a process simulator, shortcut methods for simulating distillation columns that are 
available should be used. The rigorous methods should be avoided for this type of preliminary work. The rigorous (tray-to-tray) 
methods should be used for the final, optimized case. 

A base case should be established from the information provided. This should include operating costs and capital investments 
for the process shown in Figures C.1, C.3, and C.4, using the new production rate of 20,000 tonne/y. All equipment and costs 
must be included. 
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Figure C.3 Separations Section of Allyl Chloride Production Facility (Unit 600) 
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Figure C.4 Propylene Refrigeration Loop for Allyl Chloride Process (Unit 600) 


By identifying the major capital investment and major variable operating costs, where to focus optimization can be identified. 
Note: This is a multivariable optimization, and within the time frame given for solving this problem, only a few variables can be 
manipulated. The key decision variables to be manipulated can be identified as the variables that have the greatest impact on the 
NPV. 

Do not let the computer turn your mind to mush! Think about how changes in operating variables and other things will affect the 
economics, and try to predict the direction in which the NPV will change as each variable changes. You should be able to 
rationalize, at least qualitatively, why a certain change in a variable causes the observed change in the NPV. 

C.2.4 PROCESS INFORMATION 

To help with this task the following information has been included with this assignment: 

A flowsheet and a process description for the existing separations section of Unit 600 are included in Figures C.3 and C.4 and 
Tables C.5 and C.6. 


Table C.5 Flow Summary Table for Allyl Production Process, Figures C.3 and C.4 


Stream Number 5 6 7 8 9 10 11 12 13 14 
Temperature (°C) 50 -50 -50 46 -57-56 25 10 10 45 
Pressure (bar) 2.09 1.50 1.50 1.50 1.401.5 3.0 14 1.3 19.9 
Vapor fraction 1.0 1.0 0.0 0.0 0.0 0.0870.0 0.0 1.0 0.0 
Mass flowrate (tonne/h) 4.59 0.27 4.32 1.45 0.193.14 1.48 2.17 2.44 2.44 
Molar flowrate (kmol/h) 

Propylene 58.082.72 55.360.55 3.6557.530.0 0.0 57.5358.08 
Allyl chloride 15.560.01 15.5515.550.0 0.01 0.0 0.01 0.0 0.0 
Dichloropropene 0.46 0.0 0.46 0.46 0.00.0 0.0 0.0 0.0 0.0 
Dichloropropene 1.81 0.0 1.81 1.81 0.0 0.0 0.0 0.0 0.0 0.0 
Hydrogen chloride 19.704.19 15.510.01 1.0319.690.0 19.11 0.58 0.0 
Water 0.0 0.0 0.0 0.0 0.0 0.0 82.0081.88 0.12 0.0 
Total molar flowrate (kmol/h)95.616.92 88.6918.384.6877.2382.00101.0058.2358.08 
Stream Number 15 16 17 18 #19 20 21 2 £23 24 
Temperature (°C) —40 59 60 30 30 106 55 55 -46 45 
Pressure (bar) 15 20 15 14 1415 14 14 £0.45 19.9 
Vapor fraction 0.0 0.0 0.0 0.0 0.00.0 0.0 0.0 1.0 0.0 


Mass flowrate (tonne/h) 0.03 1.42 1.39 1.52 0.040.21 0.47 1.18 25.3125.31 


Molar flowrate (kmol/h) 

Propylene 0.81 0.0 0.00 00 0.00.0 0.0 0.0 602.5602.5 
Allyl chloride 0.0 15.5415.520.84 0.020.08 6.13 15.44 0.0 0.0 
Dichloropropene 0.0 0.46 0.01 18.990.450.0 0.0 0.01 0.0 0.0 
Dichloropropene 0.0 1.81 1.81 0.0 0.0 1.80 0.0 0.01 0.0 0.0 
Hydrogen chloride 0.01 0.0 0.0 0.0 0000 00 0.0 0.0 0.0 
Water 0.0 00 0.0 0.0 0000 00 0.0 0.0 0.0 


Total molar flowrate (kmol/h)0.82 17.8117.3819.830.471.88 6.13 15.46 602.5602.5 

Table C.6 Process Description of Unit 600 

Refer to the process flow diagram for Unit 600, Allyl Chloride Purification Process, Beaumont, Texas (Figure C.3). 

Crude allyl chloride, Stream 5, from the reaction section of Unit 600 (Figure C.1) enters the allyl product cooler, E-604, at 50°C 
and 2.1 bar. This stream is cooled to —50°C using the circulating liquid propylene refrigerant. The two-phase mixture leaving E- 
604 is fed to V-601, where the liquid stream is taken off and is fed to the HCl column, T-601. The HCl column removes 
essentially all the HCl and propylene from the cooled crude allyl chloride feed as overhead product at approximately —57°C. 
This stream is mixed with the vapor coming from V-601 and is fed to E-607, where it is heated with low-pressure steam. 

The bottoms product from T-601 contains essentially all the chlorinated hydrocarbon derivatives and a small amount of 
propylene. This stream is fed to T-603, where the remaining propylene is removed as the overhead product at approximately 
—40°C. The bottoms product from T-603 is fed to column T-604, where 95 mol% chloropropene is removed overhead at 
approximately 30°C. The bottom product from T-604 is fed to the allyl tower, T-605, where 99.9% by mole pure allyl chloride 
is removed as overhead product at 55°C and sent to storage. The bottoms product from T-605 contains 95 mol% 1,2, 
dichloropropene, and this stream is sent to storage after being cooled in an offsite heat exchanger (not shown on Figure C.3). 
The stream leaving E-607 is fed to T-602, where it mixes with water at 20°C. The flow of water is controlled to give an aqueous 
solution of hydrochloric acid with 31.5 wt% HCl. This concentration of acid is equivalent to a liquid density of 20° Baumé. The 


use of degrees Baumé is the common method by which hydrochloric acid is specified. The vapor stream leaving T-602 contains 
all the propylene and small amounts of water and HCI. This stream is sent to one of a pair of acid traps, V-603 A and B, where 
the water and HCI are removed (by adsorption onto activated carbon). The vapor stream leaving the absorbers is pure propylene. 
This propylene stream is sent to a two-stage compressor, C-601 A and B, with intercooler E-408 and condenser E-409. The 
stream leaving the condenser is a liquid at 45°C and is recycled to the propylene storage tank for Unit 600. 

Four of the exchangers in Unit 600 (E-604, E-606, E-611, and E-613) require heat to be removed from the process stream at 
temperatures less than 35°C. In order to do this, a refrigeration system is required. In Unit 600, this is achieved by circulating a 
stream of cold (-62°C) propylene through these exchangers. The refrigeration loop is shown in the second PFD for Unit 600, 
Figure C.4. The refrigeration is achieved by taking a high-pressure (20 bar) stream of liquid propylene (45°C) and flashing it 
down to low pressure (0.5 bar). Cooled liquid and vapor propylene streams (—62°C) are sent to the four process exchangers, 
where they provide the necessary cooling. The warmed propylene vapor (—46°C) is recycled back to the refrigeration loop 
compressors C-602 A&B, the intercooler E-616, and the condenser E-617. A makeup propylene stream is provided to account 
for minor system leaks. 

Product specifications are included in Table C.7. 

Table C.7 Product Specifications and By-Product Costs (Unit 600) 

Product Specifications 


Product Required Purity Battery Limit Condition 

Allyl chloride > 99.9% by mole Liq, T< 55°C, P >1.5 bar 
allyl chloride 

By-Product Required Purity Battery Limit Condition 

Mixed chlorides > 95% by mole Liq, T< 50°C, P >1.2 bar 
1,2-dichloropropene 

Chloropropene > 95% by mole Liq, T< 50°C, P >1.2 bar 
chloropropene 

31.5 wt% hydrochloric 31.5 wt% hydrochloric Liq, T< 45°C, P >1.2 bar 

acid acid + 0.1 wt % 


By-Product and Waste Stream Selling Prices/Costs 


By-Product Selling Price 

Mixed chlorides $0.10 /kg* 

Chloropropene $0.15 /kg* 

31.5 wt% hydrochloric acid (20° Baumé) See https://www.icis.com/chemicals/channel-info-chemicals-a-z/ 
Waste Stream Cost of Disposal 

Waste acid stream (cost of regenerating carbon) $0.40/kg of HCl + hydrocarbons collected on carbon 


*These are credits that are received from our petrochemical complex for supplying these chemicals, which must meet the 
specifications given above. An alternative is to pay to dispose of these chemicals at a cost of $0.25/kg. For this case, no 
specifications need to be met (i.e., these streams are now waste streams rather than by-products). 

Note that the current process (Unit 600) is very energy intensive, because very cold temperatures and expensive refrigeration are 
used throughout the process. Remember that the existing Beaumont plant was designed more than 40 years ago, when electricity 
and energy were relatively inexpensive. The optimal process configuration for today’s conditions may be significantly different 
from that of the existing facility! 


Project 3: Scale-Down of Phthalic 
Anhydride Production at TBWS Unit 
700 


C.3.1 BACKGROUND 


You have recently joined the TSBW Chemical Corporation. One 
of TSBW’s major businesses has always been production of 
phthalic anhydride from naphthalene. Phthalic anhydride 
production is integrated as part of a large chemical plant, in 
which naphthalene is produced and in which phthalic anhydride 
is immediately used to make polyester resins. In recent years, 
there have been some problems. Some end users have 
complained about the quality of the resins produced and have 
taken their business to other companies that produce phthalic 
anhydride from o-xylene. Therefore, our plant, which had been 
designed to produce 100,000 tonne/y of phthalic anhydride 
from naphthalene, was scaled back to about 80,000 tonne/y 
several years ago. It is now necessary to scale down production 
once again due to the loss of another large customer. Marketing 
believes that additional customers may be lost. Research is 
working on development of catalysts for the o-xylene reaction, 
an alternative pathway, but their results are not expected for up 
to a year. There is an immediate need to determine how to scale 
down operation of our plant to 50% of current capacity (40,000 
tonne/y). It is desired to accomplish this without a shutdown, 
because one is not scheduled for a few months. If 50% scale- 
down cannot be achieved without a shutdown, the amount of 
scale-down that is possible must be known immediately. 
Specifically, the maximum possible scale-down, up to 50%, 
under current operating conditions must be determined, and 
these operating conditions must be defined. Furthermore, it 
must be determined how the plant can ultimately be scaled 
down to 50% of current capacity, what operating conditions are 
required, and what capital expenditures, if any, are needed. Any 
suggestions for plant improvements that can be made during 
shutdown are encouraged. The consequences of any changes 
that are recommended for this process and the consequences of 
these changes for other processes that might be affected must 
be clearly defined. It should be noted that one possible scenario 
is to operate the plant at design capacity for six months of the 
year and shut down the plant for the remaining six months. 
Although this solution might work, management is reluctant to 
lay off our operators for half the year and also to purchase 
additional storage in order to store enough phthalic anhydride 
to supply our customers for the six months that the plant is 
down. This option should not be considered. 


For this first assignment, the issues described above for the 
portion of the process before the switch condensers (see Figure 
C.5) should be considered. 


Figure C.5 Process Flow Diagram for the Production of 
Phthalic Anhydride from Naphthalene (Unit 700) 


C.3.2 PHTHALIC ANHYDRIDE 
PRODUCTION 


Unit 700 now produces about 80,000 tonne/y of phthalic 
anhydride. The feeds are essentially pure naphthalene and 
excess air. These are pressurized, heated and vaporized 
(naphthalene), and reacted in a fluidized bed with a vanadium 
oxide on silica gel catalyst. The reactions are as follows: 


Cio Hg + 202 > CH0; +2H:20 + 2CO, 


naphthalene phthalicanhydride 
Cio Hg + 602 > 2C4H203 +2H2O + 2C0O» 
maleicanhydride 


Cio Hg + 20, => Cio He O2 +H 0 


naphthoquinone 


Additionally, the complete and incomplete combustion 
reactions of naphthalene also occur. The large exothermic heat 
of reaction is removed by molten salt circulated through coils in 
the reactor. The molten salt is used to produce high-pressure 
steam. The overall conversion of naphthalene is very close to 
100%. The reaction products proceed to a set of devices known 
as switch condensers. These are described in detail later. Design 
and operation of these devices are provided under contract by 
CONDENSEX. They guarantee us that their condensers can 
operate at any capacity and provide the same separation as in 
current operation, as long as the pressure and the composition 
of the condensable portion of Stream 10 remain constant. The 
net result of the switch condensers is that essentially all of the 
light gases and water leave as vapor, with small amounts of 
maleic and phthalic anhydrides, and that the remaining 
anhydrides and naphthoquinone leave as liquid. The liquid 
pressure is then reduced to vacuum for distillation. The first 
column removes maleic anhydride impurity overhead, and the 
second column removes the phthalic anhydride product 
overhead. 

Organic waste is burned for its fuel value. The dirty air, 
Stream 11, must be treated. The anhydrides are scrubbed using 
water, which is then sent to the on-site wastewater treatment 
facility. 


C.3.3 OTHER INFORMATION 


Other pertinent information is appended, including pump and 
compressor curves, Figures C.6 and Figure C.7; a flow summary 
table, Table C.8; a utility summary table, Table C.9; and an 
equipment list, Table C.10. 
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Figure C.6 Pump Curves for P-701 A/B and P-702 A/B 
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Figure C.7 Pump and Compressor Curves for P-703 A/B and 
C-701 


Table C.8 Flow Summary Table for Current 
Operation of Phthalic Anhydride Production Facility, 
Unit 700 (See Figure C.5) 


Stream 

Number 1 2 3 4 5 6 7 8 9 10 

Temperature 200 25 200 164 400 240 263 263 360 160 

(°C) 

Pressure (bar) 0.80 1.01 3.35 3.10 2.85 2.85 2.75 2.25 2.00 1.70 

Vapor mole 0.0 1.0 0.0 1.0 1.0 1.0 1.0 1.0 1.0 1.0 

fraction 

Flowrate 12.82 144.25 12.82 144.25 12.82 144.25 157.07 157.07 157.07 157.07 1 

(tonne/h) 

Flowrate 

(kmol/h) 

Naphthalene 100.0 0.0 100.0 0.0 100.0 0.0 100.0 100.0 0.0 0.0 

Oxygen 0.0 1050.0 0.0 1050.0 0.0 1050.0 1050.0 1050. 469.0 469.0 : 
(0) 

Phthalic 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 70.0 70.0 

anhydride 


Maleic 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 16.0 16.0 


anhydride 


| Naphthoquinone 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 2.0 2.0 


Carbon dioxide 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 306.0 306.0 
Carbon 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 50.0 50.0 
monoxide 
| Nitrogen 0.0 3950.0 0.0 3950.0 0.0 3950.0 3950.0 3950.0 3950.0 3950.0 3 
| Water 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 238.0 238.0 


Total (kmol/h) 100.0 5000.0 100.0 5000.0 100.0 5000.0 5100.0 5100.0 5101.0 5101.0 5 


Table C.9 Utility Summary Table for Current 
Operation of Phthalic Anhydride Production Facility, 
Unit 700 (See Figure C.5) 


hps Conden. hps Conden. hps Conden. cwr cwr 

Stream to E- from E- to E- from E- toE- from E- cwto fromE- cwto from bfwto bf 
Number 701 701 707 707 705 705 E-706 706 E-704 E-704 E-703 E- 
Temperature 254 254 254 254 254 254 30 45 30 45 91 1 
(°C) 

Pressure 42.4 42.4 424 42.4 42.4 42.4 5.16 4.86 5.16 4.86 42.4 4 
(bar) 

Vapor mole (0) 0.0 1.0 0.0 1.0 0.0 0.0 0.0 0.0 0.0 0.0 € 
fraction 

Total 6.73 6.73 9.36 9.36 1.89 1.89 267.84 267.84 19.62 19.62 104.98 10 
tonne/h 


Table C.10 Equipment Summaries (Unit 700) 


Compressor (assume efficiency independent of flowrate) 


C-701 centrifugal, 5670 kW, 80% efficient @ design flowrate and 3500 
rpm; can operate at two discrete rpm values, as shown on 
compressor curve; surge line also shown on compressor curve 


Pumps (assume efficiency independent of flowrate) P-701 A/B 
centrifugal, 1.3 kW, 50% efficient P-702 A/B centrifugal, 54 kW, 70% 
efficient P-703 A/B centrifugal, 140 kW, 80% efficient P-704 A/B 
centrifugal, 0.5 kW, 40% efficient P-705 A/B centrifugal, 4.4 KW, 50% 
efficient P-706 A/B centrifugal, 0.8 kW, 40% efficient 


Fired Heater (process fluid flows through a set of tubes with a natural 
gas or liquid fuel fired flame, providing the radiant and 
convective heat transfer necessary to heat the fluid to the 
desired temperature) 


H-701 fired heater, Q = 9,350 MJ/h Consists of four identical banks of 
tubes—currently these are all in operation and are operating in 
parallel—piping and valving exist to run any or all tube banks in 
any configuration (i.e., series, parallel, etc.)—there is a control 
system that maintains the temperature of Stream 5 by 
measuring the temperature of Stream 5 and altering the natural 
gas and air feed rate. 


Heat Exchangers (all one pass on each side, unless otherwise noted; h; 
refers to tube side; tube wall resistance negligible, 
unless otherwise noted) 


E-701 Uses high-pressure steam, steam in shell, Q = 11,370 MJ/hA = 
695 m’, U= 112 W/m °C, hi = 114 W/m°C 


E-702 Makes high-pressure steam, steam in shell, Q = 215,407 MJ/hA 
= 539 m’, U = 2,840 W/m °C, hi = 3960 W/m °C hps supplies 


Unit 700 needs, excess steam used in Unit 300 


E-703 Preheats high-pressure bfw, bfw in shell, Q = 36,900 MJ/h A = 
1519 m, U=57 W/m °C, h; = 63 W/m'°C 


E-704 Total condenser for T-701, condensing fluid in shell A = 5.52 
m’, U = 600 W/ m °C, all resistance on water side 


E-705 Reboiler for T-701 A = 50m’, U = 1400 W/m’°C, 
approximately equal resistances 


E-706 Total condenser for T-702, condensing fluid in shell A = 51 m’, 
U = 600 W/ m °C, all resistance on water side 


E-707 Reboiler for T-702 A = 243 m’, U = 1400 W/m °C, 
approximately equal resistances 


Reactor 


The reactor is a fluidized bed, which means that the bed temperature is 
essentially constant and equal to the exit temperature of the gas. 


R-701 Fluidized bed with vanadium oxide catalyst coated on silica gel 
Molten salt circulated in tubes to remove heat of reaction Heat- 
exchange area = 15,850 m? (parallel tube banks within reactor) U 
= 100 W/ m °C, all resistance on reactor side Heat removal 
required = 2.154 x 10° MJ/h Reactor pressure drop unaffected by 
flowrate 


Molten Salt Loop 


Molten salt is used to remove the heat generated in the reactor. It 
circulates in a closed loop and is thermally regenerated by making high- 
pressure steam in E-702. The properties of this molten salt, known as 
HiTec, may be found in the 6th edition of Perry’s, pp. 9-77. 


Switch Condenser 


SC-701 There are three sets of condensers. Due to the low partial 
pressure of phthalic anhydride in the stream, it desublimates 
rather than condenses. Therefore, the process stream is cooled 
using a low-temperature oil in tubes to promote desublimation. 
Then after solid is loaded on the heat transfer surface, higher- 
temperature oil is circulated in the tubes to melt the solid. There 
are three such devices, one operating in desublimation mode, one 
operating in melting mode, and one on standby. The net result is 
a liquid stream containing the condensables, and a vapor stream 
containing water and the noncondensables. These condensers are 
designed and maintained under contract by CONDENSEX. They 
indicate operation at any scale is possible as long as the pressure 
of Stream 10 remains within 10% of current operating conditions, 
and as long as the relative composition of the condensables 
remains approximately constant. 


Distillation Columns (For both distillation columns, it may be 
assumed that weeping begins to occur at 35% of 
flooding. Both use high-pressure steam and cooling 
water at the maximum allowable temperature rise.) 


T-701 Removes maleic anhydride impurity overhead 
Reflux ratio = 0.27 
33 trays, 40% efficient, 12-in tray spacing, 2-in weirs 
Diameter = 0.84 m, active area = 75% of total area 
Qe = -1230 MJ/h 
Q, = 3220 MJ/h 


T-702 Removes phthalic anhydride product overhead 
Reflux ratio = 2.43 
86 trays, 50% efficient, 18-in tray spacing, 0.75-in weirs 
Diameter = 4.2 m, active area = 75% of total area 
Qe = -16,810 MJ/h 


Qr = 15,890 MJ/h 


V-702 Diameter = 1.25 m, Length = 3.75 m 


| V-701 Diameter = 0.50 m, Length = 1.50 m | 
| Air Treatment | 


The organics in Stream 11 are removed in a scrubber, with 10,000 kg of 
water needed/kg of organic, at the current operating conditions. If the 
organic content of Stream 11 becomes more concentrated, then the 
amount of water needed increases by 100 kg/0.001 mass fraction of 
organic. The water is sent to the on-site wastewater treatment facility. 


C.3.4 ASSIGNMENT 


The assignment is to provide recommendations as to how much 
immediate scale-down is possible and what, if any, 
modifications would be needed to scale down by 50%. For now, 
only the portion of the process prior to the switch condensers is 
to be considered. Any other changes that should be made to 
improve performance in Unit 700 should be recommended. 
Because the plant is due for annual shutdown in a few months, 
specific recommendations as to what should be done at that 
time and the cost of these alterations and/or modifications are 
needed. 


Specifically, the following is to be prepared by two weeks 
from now: 
1. A written report detailing the maximum scale-down possible, how to 


achieve 50% scale-down, recommendations, and costs associated with 
scaling down production in Unit 700. 


2. A list of new equipment to be purchased, including size, cost, and 
materials of construction. 


3. An analysis of any change in the annual operating cost created by the 
recommended modifications. 


4. A legible, organized set of calculations justifying the recommendations, 
including any assumptions made. 


C.3.5 REPORT FORMAT 


This report should be brief. Most of the report should be an 
executive summary, not to exceed five double-spaced, typed 
pages, that summarizes the diagnosis, recommendations, and 
rationale. Figures and tables may be included (and do not count 
against the page limit) in the executive summary. An appendix 
should be attached that includes items such as the requested 
calculations. These calculations should be easy to follow. In 
general, the written report should follow the guidelines given in 
Chapter 29. 


Project 4: The Design of a New 

100,000-Metric-Tons-per-Year 

Phthalic Anhydride Production 
Facility 


C.4.1 BACKGROUND 


The operation of Unit 700, our phthalic anhydride facility, has 
been successfully scaled down by 50%. Over the long term, 
changing to o-xylene as the raw material is still being 
considered. The catalysis and reaction engineering group has 
finished preliminary research and is very optimistic about its 
new catalyst. They promise that it will be superior to other 
versions of o-xylene to phthalic anhydride catalysts in that most 
side products are minimized. At this point it is unclear whether 
Unit 700 will be retrofitted to accommodate the new catalyst or 
whether a new, grassroots facility will be built at another site, 
nearer to an o-xylene producer. 


In order to have enough information to make an informed 
decision, a preliminary process design is needed for a grassroots 
facility to produce phthalic anhydride from what may be 
assumed to be pure o-xylene. The assignment is to prepare a 
preliminary design for the new 100,000 tonne/y phthalic 
anhydride from o-xylene plant, and it must be completed within 
the next month. It may assumed that the o-xylene feed is 
available at 100°C and 1.1 bar and that the required purity for 
phthalic and maleic anhydride products is 99.9 wt% and 95.0 
wt%, respectively. 


C.4.2 OTHER INFORMATION 


Concentrated organic waste streams may be burned instead of 
natural gas only if a fired heater is included in the design. Dilute 
organic waste streams must be sent to a treatment facility, with 
the appropriate operating cost charged. The capital cost of this 
facility may be assumed to be included in the grassroots cost of 
the new facility. Other pertinent information is given in Tables 
C.11, C.12, and C.13. 


Table C.11 Information on Reaction Kinetics (Unit 
700) 


The catalysis and reaction engineering group has obtained the following 
kinetic information regarding the o-xylene to phthalic anhydride reaction. 
The reactions are 


Cs Hi0 + 302, > C H103 + 3H20 


o-xylene phthalicanhydride 
Cg Hio + 2024 C4H203+4H20O + 4CO2 
maleicanhydride 


In addition, the complete combustion reaction for each organic component 
occurs. The reaction network is given below. As you can see, a major 
advantage of our catalyst is that CO formation is essentially eliminated and 
no heavy impurity is made. 


Maleic anhydride Six CO, 


4A 
1 ) 2 
o-xylene —> Phthalic anhydride —> CO, 


JN 


CO, 


The catalyst must operate between 300°C and 400°C, and at pressures 
between 1 atm and 3 atm. In this range, the kinetics are as follows (Partial 
pressures are in atm, r;is in kmol h` (kg catalyst)“, ky = 1 kmol h ‘(kg 
catalyst) ‘atm, R = 1.987 cal/K mole, and Tis in K.): 


rı = ki PryPo, In È = -ZE + 19.837 
r2 = kePpaPo, In = = -TE + 20.86 
r3 = ksPayPo, In È = -TE + 18.97 
r4 = k4PryPo, In 5 =— 27200 + 19.23 
T5 = ksPmaPo, In È = -SE + 20.47 


The lower flammability limit of o-xylene in air is 1 mol%, and the upper 
flammability limit is 6 mol%. For safety reasons, it is necessary that process 
conditions not be within these limits. It is also necessary that the o-xylene 
content of the reactor never exceed 10 mol%, because if that limit is 
exceeded, the catalyst no longer operates at the desired selectivity, and the 
reaction could become oxygen starved, forming significant amounts of CO 
and other undesired by-products. 


At this time, it is unclear whether a packed-bed reactor (shell-and-tube type, 
modeled as a plug flow reactor) or a fluidized-bed reactor (modeled as an 
isothermal plug flow reactor with 10% feed gas bypass) is the better choice. 
This should be addressed in the preliminary design. For the shell-and-tube 
packed bed, the catalyst would be in the tubes. It is believed, however, that 
tube diameters exceeding 1 in. in a shell-and-tube configuration would not 
allow for rapid enough heat removal, causing significant hot spots and 
subsequent catalyst damage. 


For a fluidized bed, the following data may be assumed: 


Spherical catalyst particle, diameter range dp = 300-600 um 
Catalyst particle density Pecat = 1600 kg/ m? 

Void fraction at minimum fluidization emf = 0.50 

Heat transfer coefficient from fluidized bed to tube wall h = 300 
W/m®™C 

Reactor should operate between 2umy (bubbling) and 50uUmf 
(turbulent) 


The reactor has a rectangular cross section (width of sides = w 
and v) 


Range of acceptable side ratios 0.2 < v/w < 5 

Maximum value of v or w = 8m 

Maximum volume of bed displaced by tube banks is 40% 

The cost of the fluidized bed should be estimated as 5 times the 


cost of a vessel of the same volume 


For ump, use the correlation of Wen and Yu: 


0.5 
dy Um 0.0408d3 s — 
Regi p Umf Pg = (33.7)? + Pg (Ps — Pg) 
H 


33.7 
p? 


where py is the density of the gas in the fluidized bed (at average conditions) 
and ps is the solid catalyst particle density (called peat above). 


For a shell-and-tube packed bed, the following data may be assumed: 


Catalyst particle diameter dp = 3 mm 

Catalyst particle density Pecat = 1600 kg/ m? 

Void fraction ¢ = 0.50 

Heat transfer coefficient from packed bed to tube wall h = 60 W/ m °C 
Use standard tube sheet layouts as for a heat exchanger 


Shell diameter is a function of heat transfer characteristics and 
frictional losses 


It is anticipated that a heat transfer fluid will be used in a closed loop to 
remove the highly exothermic heat of reaction from either type of reactor. 
We anticipate that all surplus high-pressure steam made can be sold 
elsewhere in the plant. Because we have had many years of successful 
operation using the HiTec molten salt, we anticipate using it again for the 
new process. However, recommendations to use an alternative justified by 
superior performance at the same cost, or equal performance at a lower cost 
may be made. 


Table C.12 Design of the Switch Condensers and Air 
Treatment Costs (Unit 700) 


The equipment for the switch condensers comprises a complex set of 
three condensers. Because of the low partial pressure of phthalic 
anhydride in the stream, it desublimates rather than condenses. 
Therefore, the process stream is cooled using a low-temperature oil in 
tubes to promote desublimation. Then, after solid is loaded on the heat 
transfer surface, gas flow to this condenser is stopped, and higher- 
temperature oil is circulated in the tubes to melt the solid. There are 
three such devices, one operating in desublimation mode, one operating 
in melting mode, and one on standby. The net result is a liquid stream 
containing the condensables and a vapor stream containing some maleic 
anhydride, some phthalic anhydride, and all of the noncondensables. 


These condensers will once again be designed and maintained under 
contract by CONDENSEX. They indicate that operation at any scale is 
possible as long as the pressure of the feed to the condensers is between 
1.70 and 2.00 bar. It may assumed that all light gases are neither 
condensed nor dissolved and that 99% of the organics are desublimated 
and melted. Based on past experience, CONDENSEX suggests that the 
capital cost of these condensers may be estimated as 15% of all other 
capital costs for the new process, and that the annual operating cost is 3 
times the cost of an equivalent amount of cooling water needed to satisfy 
the cooling duty from the energy balance on the condenser unit modeled 
as a component separator. 


The following cost of treating the waste (dirty) air stream leaving the 
switch condensers should be used in the cost estimates: 


Air Treatment Cost = $1074 Vict (0.5 + 100025, ) 


where Vio; = the total volume of “dirty air” to be treated, m’, and Xor = 


mole fraction of organics in “dirty air” stream. 


Table C.13 Simulator Hints (Unit 700) 


The following hints were developed for students using the CHEMCAD 
simulator. These should also provide help to people using other 
simulator packages. 


SRK (Soave-Redlich-Kwong) should be used for the VLE and enthalpy 
options in the thermodynamic package for all the units in this process. 


For heat exchangers with multiple zones, it is recommended that each 
zone be simulated with a separate heat exchanger. For the switch 
condensers, a component separator should be used, and the heat duty 
calculated from the inlet and outlet streams. 


When simulating a process using “fake” streams and equipment, it is 
imperative that the process flow diagram that is presented not include 


any fake streams and equipment. It must represent the actual process. 


C.4.3 ASSIGNMENT 


The assignment is to provide the following: 


1. An optimized preliminary design of a plant to make phthalic anhydride 
from o-xylene using the new catalyst. 


2. An economic evaluation giving the NPV (net present value), after tax, of 
the new project. For this evaluation the following economic information 
should be used: 


1. After-tax internal hurdle rate = 9% 

2. Depreciation = MACRS (6-year schedule given in Chapter 9) 
3. Marginal taxation rate of 35% 

4. Construction period of 2 years 


5. Project plant life = 10 years after start-up 


Specifically, the following is to be prepared by ... (four weeks 
from now): 


1. A written report detailing the design and profitability evaluation of the 
new process 

2. Aclear, complete, labeled process flow diagram of the optimized process 

3. A clear stream flow table giving the T, P, total flowrate in kg/h and 
kmol/h, component flowrate in kmol/h, and phase for each important 
process stream 

4. A list of new equipment to be purchased, including size, cost, and 
materials of construction 

5. An evaluation of the after-tax NPV, and the discounted cash flow rate of 
return on investment (DCFROR) for the recommended (optimized) 
process 

6. A legible, organized set of calculations justifying the recommendations, 
including any assumptions made 


C.4.4 REPORT FORMAT 


This report should be in the standard design report format. It 
should include an abstract, results, discussion, conclusions, 
recommendations, and an appendix with calculations. The 
report format rules given in Chapter 29 should be followed. 


Project 5: Problems at the Cumene 
Production Facility, Unit 800 


C.5.1 BACKGROUND 


Cumene (isopropyl benzene) is produced by reacting propylene 
with benzene. During World War II, cumene was used as an 
octane enhancer for piston engine aircraft fuel. Presently, most 
of the worldwide supply of cumene is used as a raw material for 
phenol production. Typically, cumene is produced at the same 
facility that manufactures phenol. 

The plant at which you are employed currently 
manufactures cumene in Unit 800 by a vapor-phase alkylation 
process that uses a phosphoric acid catalyst supported on 
kieselguhr. Plant capacity is on the order of 90,000 tonne/y of 
99 wt% purity cumene. Benzene and propylene feeds are 
brought in by tanker trucks and stored in tanks as a liquid. 


C.5.2 CUMENE PRODUCTION 
REACTIONS 


The reactions for cumene production from benzene and 
propylene are as follows: 


C3He + Ce He —> Co H12 


propylene benzene cumene 
C3H6 + C9H2 >  CioHig 
propylene cumene p-diisopropylbenzene 


C.5.3 PROCESS DESCRIPTION 


The PFD for the cumene production process, Unit 800, is given 
in Figure C.8. The reactants are fed from their respective 
storage tanks. After being pumped up to the required pressure 
(dictated by catalyst operating conditions), the reactants are 
mixed, vaporized, and heated in the fired heater to the 
temperature required by the catalyst. The shell-and-tube 
reactor converts the reactants to desired and undesired 
products as per the above reactions. The exothermic heat of 
reaction is removed by producing high-pressure steam from 
boiler feed water in the reactor. The stream leaving the reactor 
enters the flash unit, which consists of a heat exchanger and a 
flash drum. The flash unit is used to separate the C, impurities, 
which are used as fuel for a furnace in another on-site process. 
The liquid stream from the flash drum is sent to the first 
distillation column, which separates benzene for recycle. The 
second distillation column purifies cumene from the p- 
diisopropyl benzene (p-DIPB) impurity. Currently, the waste p- 
DIPB is used as fuel for a furnace. The pressure of both 


distillation columns is determined by the pressure in the flash 
drum; that is, there are no pressure-reduction valves 
downstream of the flash drum. 


Figure C.8 Process Flow Diagram for the Production of 
Cumene Process (Unit 800) 


C.5.4 RECENT PROBLEMS IN UNIT 800 


Recently, Unit 800 has not been operating at standard 
conditions. The propylene supplier has recently been switched; 
however, the contract guarantees that the new propylene feed 
will be within specifications given in Table C.14. 


Table C.14 Specifications of Products and Raw 


Materials 

Raw Materials 
| Benzene >99.9 wt% purity | 
| Propylene < 5 wt% propane impurity | 
| Product | 


Cumene >99 wt% purity 


Upon examining present operating conditions, the following 
observations have been made: 


1. Production of cumene has dropped by about 8%, and the reflux in T-801 
was increased by approximately 8% in order to maintain 99 wt% purity. 
The flows of benzene (Stream 5) and propylene (Stream 2) remained the 
same. Pressure in the storage tanks has not changed appreciably when 
measured at the same ambient temperature. 

2. The amount of fuel gas being produced has increased significantly and is 
estimated to be 78% greater than before. Additionally, it has been 
observed that the pressure control valve on the fuel gas line (Stream 9) 
coming from V-802 is now fully open, although previously it was 
controlling the flow. 

3. The benzene recycle, Stream 11, has increased by about 5%, and the 
temperature of Stream 3 into P-801 has increased by about 3°C. 

4. Production of steam in the reactor has fallen by about 6%. 

5. Catalyst in the reactor was changed six months ago, and previous 
operating history (over last ten years) indicates that no significant drop in 
catalyst activity should have occurred over this time period. 

6. p-DIPB production, Stream 14, has dropped by about 20%. 


This loss in production is worrisome, because all the cumene 
produced can be sold. 

Another problem that has arisen lately is the malfunction of 
the feed pumps. This problem arose during a very warm spell 
when the ambient temperature reached 110°F. A maintenance 
check showed that P-802 needed a new bearing, and this was 


taken care of, but P-801 seemed to be OK. The ambient 
temperature has now returned to a mild 70°F, and both pumps 
seem to be working fine. 

Currently, market conditions for cumene are very tight. 
There is competition from some local companies that have 
recently built cumene plants. It appears that management is 
very concerned about our competitiveness, because other 
producers in the area are beginning to undercut our prices. 
Management wants to find out whether any significant savings 
in operating costs can be found for Unit 800. 


C.5.5 OTHER INFORMATION 


Other pertinent information is appended, including a flow table 
for the process streams at design conditions, that is, prior to the 
current operating problem, Table C.15; a utility summary table 
at design conditions, Table C.16; pump curves, Figures C.9 and 
C.10; a set of design calculations; and an equipment list, Table 
C.17. 


Table C.15 Flow Summary Table for Cumene 
Production at Design Conditions, Unit 800 (Figure 


C.8) 
Stream 
Number 1 2 3 4 5 6 6a 7 8 9 10 
Temperature 25 25 41 28 44 41 214.0 350 350 90 90 
(°C) 
Pressure 1.00 11.66 1.01 31.50 31.50 31.25 30.95 30.75 30.25 1.75 1.75 
(bar) 
Vapor mole o o o o 0.0 0.0 1.0 1.0 1.0 1.0 0.0 
fraction 
Flowrate 8.19 4.64 16.37 4.64 16.37 21.01 21.01 21.01 21.01 1.19 19.82 
(tonne/h) 
Flowrates 
(kmol/h) 
| Benzene 105.00 0.0 205.27 0.0 205.27 205.27 205.27 205.27 108.96 7.88 101.0! 
| Propylene 0.0 105.00 2.89 105.00 2.89 107.89 107.89 107.89 8.86 5.97 2.89 
| Propane 0.0 5.27 2.79 5.27 2.79 8.06 8.06 8.06 8.06 5.27 2.79 
| cumene 0.0 0.0 0.94 0.0 0.94 0.94 0.94 0.94 94.39 0.77 93.62 
P- 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 2.79 0.0 2.79 
diisopropyl 
benzene 
Total 105.00 110.27 211.89 110.27 211.89 322.16 322.16 322.16 223.06 19.89 203.1' 
(kmol/h) 

Table C.16 Flow Summary Table for Utility Streams 

in Unit 800 

mps 

Stream hps to Condensate to E- Condensate hps to Condensate 
Name E-801 from E-801 804 from E-804 E-806 from E-806 


Temperature 254 254 185.5 185.5 254 254 


| co 
Pressure 42.37 42.37 11.35 11.35 42.37 42.37 
(bar) 
Flowrate 7.60 7.60 3.56 3.56 3.25 3.25 
(tonne/h) 
Stream cwto cwfrom cwto cwfrom cwto cw from 
Name E-802 E-802 E-803 E-803 E-805 E-805 
Temperature 30 45 30 45 30 45 
(°C) 
Pressure 5.16 4.96 5.16 4.96 5.16 4.96 
(bar) 
Flowrate 261.30 261.30 85.88 85.88 87.50 87.50 
(tonne/h) 


Pressure Head across Pump, ft of Liquid 


0 1 2 3 4 5 6 7 
Flow of Benzene (at 41°C), L/s 


NPSHg, ft of Liquid 


0 1 2 3 4 5 6 7 8 
Flow of Benzene (at 41°C), L/s 


Figure C.9 Pump, System, and NPSH Curves for P-801 A/B 
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Figure C.10 Pump, System, and NPSH Curves for P-802 A/B 


Table C.17 Equipment Summary Table for Unit 800 


Tanks (not shown on flowsheet) 


TK-801 storage tank for benzene 
There are two tanks: one feeding Stream 1 and one in a filling 
mode. Each tank is 450 m°. 

TK-802 storage tank for propylene 


There are two tanks: one feeding Stream 2 and one in a filling 
mode. Each tank is 450 m°. 


Pumps (assume efficiency independent of flowrate) P-801 centrifugal, 
75% efficient, driver rated at 21.9 kW 
P-802 centrifugal, 75% efficient, driver rated at 6.8 kW 
P-803 centrifugal, 75% efficient, driver rated at 2.4 kW 
P-804 centrifugal, 75% efficient, driver rated at 1.0 kW 
P-805 centrifugal, 75% efficient, driver rated at 3.3 kW 
Heat Exchangers (all one pass on each side, unless otherwise noted; h; 
refers to tube side; tube wall resistance negligible, 
unless otherwise noted) E-801 uses high-pressure 
steam, steam in shell, Q = 12,800 MJ/h A = 20.8 m in 
two zones 
Desubcooling zone: A = 13.5 m, U = 600 Ww/m’°C, h; = 667 
W/m™C 
Vaporizing zone: A = 7.3 m’, U = 1500 W/m °C, equal 
resistances on both sides E-802 condenser for flash unit, 
process stream in shell, 1-2 configuration Q = 16,400 MJ/h, A 
= 533m 


E-803 total condenser for T-801, condensing fluid in shell A = 151 m’, 
U = 450 W/ m °C, all resistance on water side E-804 reboiler for T- 
801 
A= 405m’, U=750 W/m’°C, approximately equal resistances 
E-805 total condenser for T-802, condensing fluid in shell A = 
24.0 m’, U = 450 W/ m”C, all resistance on water side E-806 
reboiler for T-802 
A = 64.0 m, U=750 W/ m °C, approximately equal 
resistances Fired Heater 
H-801 Q = 6380 MJ/h (heat actually added to fluid) Capacity 10,000 
MJ/h of heat added to fluid 
70% efficiency 
Reactor 
R-801 shell-and-tube packed bed with phosphoric acid catalyst 
supported on kieselguhr Boiler feed water in shell to produce high- 
pressure steam Reactor volume = 6.50 m’, heat exchange area = 342 


2 
m 


234 tubes, 3.0-in (7.62 cm) ID, 6 m long 
U=65 W/ m °C, all resistance on reactor side Heat removal 
required = 9840 MJ/h 
Distillation Columns 
T-801 removes benzene impurity overhead for recycle Medium- 
pressure steam used in reboiler 
Cooling water used in condenser, returned at maximum 
allowable temperature Reflux ratio = 0.44 
27 trays, 50% efficient 
24-in tray spacing, 3-in weirs 
Diameter = 1.13 m, active area = 75% of total area Qe = -5390 
MJ/h 
Q, = 7100 MJ/h 
T-802 removes cumene product overhead 
High-pressure steam used in reboiler 
Cooling water used in condenser, returned at maximum 
allowable temperature Reflux ratio = 0.63 
37 trays, 50% efficient 
24-in tray spacing, 3-in weirs 
Diameter = 1.26 m, active area = 75% of total area Q, = -5490 
MJ/h 
Q, = 5520 MJ/h 


Vessels 
V-801 benzene feed drum: 4.2 m length, 1.4 m diameter 
V-802 flash drum: 5.2 m height, 1 m diameter 
V-803 T-801 reflux drum: 4 m length, 1.6 m diameter 


V-804 T-802 reflux drum: 6.5 m length, 1.6 m diameter 


C.5.6 ASSIGNMENT 


Specifically, the following is to be prepared by ... (two weeks 
from now): 


1. 


A written report detailing the diagnosis of the operating problems with 
the plant, along with recommendations for solving these problems 

A list of new equipment to be purchased, if any, including size, cost, and 
materials of construction 

An analysis of any change in the annual operating cost created by the 
recommended modifications 


4. A legible, organized set of calculations justifying the recommendations, 
including any assumptions made 


C.5.7 REPORT FORMAT 


This report should be brief. Most of the report should be an 
executive summary, not to exceed five double-spaced, typed 
pages, which summarizes your diagnosis, recommendations, 
and rationale. Figures and tables may be included (do not count 
these against the page limit) in the executive summary. An 
appendix should be attached that includes items such as the 
requested calculations. These calculations should be easy to 
follow and have their own table of contents. The guidelines 
given in Chapter 29 should be followed. 


C.5.8 PROCESS CALCULATIONS 


Calculations for Fuel Gas Exit Line for V-802 
Design flow of fuel gas = 1192 kg/h 
Molecular weight of fuel gas = 59.9 
Gas viscosity = 9.5 x 10° kg/m/s 
Gas density = 1.18 (273) P/(293 + 90) (1.01) = 0.00876P 
kg/m? (P in bar) Destination pressure (in burner in unit 
900) = 1.25 bar APhine + APyaive = 1.75 -1.25 = 0.50 bar 
APyaive Should be = 0.30 bar and A Pine = 0.20 bar Length 
of line (Stream 9A) = 125 m (equivalent length including 
fittings) Average pressure in line, P = (1.45 + 1.25) / 2 = 1.35 
bar Density of gas in line = 0.00876 P = 1.18 kg/m 
APiine = 2f pu” Le/dpipe 


D > To Burner in Unit 900 
VY 
D 
AEn 
Set Pressure at 175 kPa 
— Design Temp. at 90°C Based on Cooling in E-802 


L . 


Look at 3-in, 4-in, and 6-in schedule-40 pipe: 


e/di 0.00059 0.00045 0.0003 


| dpipe (Nominal) 3 in. 4in. 6 in. 

| dpipe (inside) = di 0.0779m 0.1022m  0.1541m 
| u = 4Q/ndi- 58.9m/s 34.2m/s 15.0 m/s 
| Re = updi/u 5.69 x10” 4.34 x10? 2.88 x10° 
| 

I 


Benzene Feed 


Pı = 832 kg/m? 


| f (from friction factor diagram) 0.0046 0.0045 0.0042 


2fpu® L 0.603 bar 0.152bar 0.018 bar 
AP ine = 1 : ° 


Choose 4-in schedule-40 pipe. 


APline = 0.152 bar and APvalve = 0.50 — 0.152 = 0.348 bar 


Calculations for P-801 


Design Conditions (note that 1 kPa = 0.335 ft of water = 
0.402 ft of benzene) LAL (low alarm level) = 5 ft from 
ground and pump center line is 2 ft from ground NOL 
(normal operating level) = 10 ft above ground level NPSH 
Calculations (at LAL) 
Static head = 5 -2 = 3 ft of benzene = hstat 
Psupply = 1.01 bar = 40.7 ft of benzene = Aguppiy 
AP¥-iction (in supply line) = 1 psi = 2.8 ft of benzene = hfriction 
Vapor Pressure of Stream 3 

T= 30°C P =54kPa 

T = 40°C P =72kPa 

T= 50°C P =94 kPa 


Vapor pressure of Stream 3 = 0.74 bar @ 41°C = 29.7 ft of 
benzene = hyp 


NPSH available = Rsupply + Astatic E hfriction = hyp = 40.7+ 3-2.8- 
29.7 = 11.2 ft NPSHyequired (from pump curve) = 6.1 ft @ 5.5 
x1o m/s ~. cavitation should not be a problem 


System Curve Calculations 

A Prriction (discharge) = 31.50 — 1.75 = 29.75 bar = 1196 ft of 
benzene A Py iction (suction) = 2.8 ft of benzene A Paischarge-tank = 
1.75 — 1.01 = 0.74 bar = 30 ft of benzene A Poratic = O (E-801 
entrance @ 10 ft above ground level = NOL) 


$s Benzene Recycle 


LAH (Level Alarm High) 
NOL (Normal Operating Level) 


© 


P-801 A/B Benzene Feed Pump A 


Valve for back pressure not 
LAL (Level Alarm Low) control (consider using turbine) 


P = 3025 kPa /to E-202 


P = 175 kPa 
held constant by 
PIC on fuel gas 
line 


Propylene Feed 


<. Required head at design flow = 1199 + 30 + AP,,, = 1230 ft of benzene + AP 
From pump curve this gives us AP,,, = 135 ft = 3.36 bar (this is high but OK) 


Calculations for P-802 


Design Conditions (note that 1 kPa = 0.335 ft of water = 0.666 ft of propylene) LAL (low alarm level) = 10 ft from ground and 
pump center line is 2 ft from ground NOL (normal operating level) = 20 ft from ground 

NPSH Calculations (at low alarm level - LAL) 

Static head = 10 — 2 = 8 ft of propylene = Astat 

Psupply = Psat (@25°C) = 11.66 bar = 777 ft of propylene = hsupply 

A Pyiction (in supply line) = 0.2 psi = 1 ft of propylene = Ay iction -in schedule 40 pipe Le = 20 ft) Vapor pressure of Stream 2 = 
11.66 bar = 777 ft of propylene = hyp 

NPSH available = Asupply + static — Afriction ~ Ayp = 777 + 8 — 1 — 777 = 7 ft of propylene (@ propylene flowrate of 2.57 x10 m?/s) 
NPSHyequired (from pump curve) = 6 ft ~. cavitation should not be a problem (put note on P&ID to increase LAL to 12 ft to be 
safe) 


System Curve Calculations 

A Pyiction (discharge) = 31.50 -1.75 = 29.75 bar = 1981 ft of propylene A Pyiction (suction) = 1 ft of propylene A PYischarge-tank = 
1.75 — 11.66 = —9.91 bar = —660 ft of propylene A Pstatic = —10 ft of propylene .". Required head at design flow = 1982 — 660 — 
10 + APcv = 1312 ft of propylene + APcv 


From pump curve this gives us APcv = 140 ft = 2.10 bar 
Fresh Propylene Feed 


Valve for back pressure not 
control (consider using turbine) 


LAH (Level Alarm High) 


NOL (Normal Operating Level) Era ES RPN to E-202 
LAL (Level Alarm Low) O i a 
P = 175 kPa 
Propylene Feed Tank <5) held constant by 
m = 4,651 kg/h P-802A/B Propylene Feed Pumps PIC on fuel gas 
P, = 503 kg/m line 


Benzene Feed 


Project 6: Design of a New, 100,000- 
Metric-Tons-per-Y ear Cumene 
Production Facility 


C.6.1 BACKGROUND 


In the opinion of our marketing research department, the 
demand for phenol-derived plasticizers is on the rise. Therefore, 
we are investigating the possibility of a new, grassroots phenol 
plant to handle the anticipated increase. Because phenol is 
made from cumene, a grassroots cumene plant would also be 
necessary. Given your experience in troubleshooting our 
existing cumene process, we would like you to study the 
economics of a new cumene plant. Specifically, we would like a 
complete preliminary design of a grassroots, 100,000 tonne/y 
cumene process using benzene and propylene. 


There is a new, proprietary catalyst, and the kinetics are 
included in Table C.18. The economics of continuing to use 
propylene with 5% propane impurity at $0.095/lb should be 
investigated versus purer propylene feed. In preparing this 
preliminary design, it should be assumed that all steam made 
can be used elsewhere in the plant with the appropriate 
economic credit, that condensed steam can be returned as 
boiler feed water for the appropriate credit, and that fuel gas 
can be burned for credit at its LHV (lower heating value). 
Additional information is given in Table C.19. 


Table C.18 Reaction Kinetics for Cumene Reactions 
(Unit 800) 


The kinetics for the reactions are as follows: 
ky 
C3Hg +CeHe > Co Hiz 
propylene benzene cumene 


rı = kicpc,mole/g cat sec 


kı = 3.5 x 10¢exp (=) 


k 
C3He + CH 3 C12Hıg 


propylene cumene p-diisopropylbenzene 


T2 = k2Cpcemole/g cat sec 


ky = 2.9 x 10°exp (=) 


RT 


where the units of the activation energy are kcal/mol, the units of 
concentration are mol/l, and the temperature is in Kelvin. 


For a shell-and-tube packed bed, the recommended configuration, the 
following data may be assumed: 

Catalyst particle diameter dp = 3 mm 

Catalyst particle density Peat = 1600 kg/m? 


Void fraction € = 0.50 


Heat transfer coefficient from packed bed to tube wall h = 60 
W/m °C 
Use standard tube sheet layouts as for a heat exchanger 


If the tube diameter is larger than in tube sheet layouts, assume 
that the total tube cross-sectional area is 1/3 of the shell cross- 


sectional area 


Table C.19 Additional Information (Unit 800) 


Cost of Manufacture 


In order to estimate the cost of manufacture (not including depreciation), COMa, 
the following Equation (8.2) should be used: 


COM, = 0.180F CI + 2.73Cor + 1.23(Cur + Cwr + Cru) 
(8.2) 


The current MACRS method for depreciation should be used in the calculations 
(see Chapter 9). 


Hints for Process Simulator 


The CHEMCAD process simulator was used to generate the flow table given in 
Project 5. The hints given here are specifically directed to CHEMCAD users but 
should also be applicable for other process simulators. 


The SRK (Soave-Redlich-Kwong) thermodynamics package for VLE and 
enthalpy calculations should be used for all the equipment in the process. 


For heat exchangers with multiple zones, it is recommended that each zone be 
simulated with a separate heat exchanger. Actual equipment may include several 
zones, so costing should be based on the actual equipment specifications. 


For the reactor, an isothermal reactor may be assumed to estimate the volume 
of catalyst and heat-exchange area. For more accurate results, the temperature 
profile in the reactor should be modeled by completing a differential heat and 
material balance on the reactor. 

For the distillation columns, the Shortcut method (SHOR) should be used to 
get estimates for the rigorous distillation simulation (TOWR or SCDS). The 
Shortcut method may be used until an optimum case is near. It is then expected 
that the final design will be completed using rigorous simulation of the columns. 


When simulating a process using “fake” streams and equipment, it is absolutely 
necessary that the process flow diagram presented not include any “fake” streams 
and equipment. It must represent the actual process. 


C.6.2 ASSIGNMENT 


The assignment is to provide the following: 


1. An optimized preliminary design of a plant to make cumene from benzene 
and propylene using the new catalyst 


2. An economic evaluation of the optimized process, using the following 
information: 


1. After-tax internal hurdle rate = 9% p.a. 

2. Depreciation = MACRS (6-year schedule; see Chapter 9) 

3. Marginal taxation rate = 35% 

4. Construction period = 2 years 

5. Project plant life = 10 years after start-up 
Specifically, the following is to be prepared by ... (four weeks 
from now): 


1. A written report detailing the design and profitability evaluation of the 
new process 


2. Aclear, complete, labeled process flow diagram of the optimized process 
including all equipment and the location of all major control loops 


3. A clear stream flow table including T, P, total flowrate in kg/h and 
kmol/h, component flowrate in kmol/h, and phase for each process 
stream 

4. A list of new equipment to be purchased, including size, cost, and 
materials of construction 

5. An evaluation of the annual operating cost for the plant 

6. An analysis of the after-tax NPV (10 years, 9%), and the discounted cash 
flow rate of return on investment (DCFROR) for the recommended 
process 

7. A legible, organized set of calculations justifying the recommendations, 
including any assumptions made 


C.6.3 REPORT FORMAT 


This report should be in the standard design report format, 
consistent with the guidelines given in Chapter 29. It should 
include an abstract, results, discussion, conclusions, 
recommendations, and an appendix with calculations. 


Index 


NUMBERS 

3-D figures, improper use in oral presentations, 1217 

3-D representation of process (plant model) 
3-D immersive training simulators (ITS), 45 
create preliminary plot plan, 34-37 
divide PFD into logical subsystems, 34-35 
elevation for all major equipment, 39—41 
estimate major process pipe sizes, 37-38 
overview of, 34 
placement of equipment, 39—40 
sketch major process and utility piping, 41 
view plant model, 41-43 


A 
ABET engineering program accreditation 
engineerin-training (EIT) certification, 1122—1124 
outcomes assessment and, 2 
Absorbers 
in acid-gas removal (AGR) plant, 457 
heuristics for packed towers, 364 
input for process simulation, 411 
recycling inerts and, 76 
separation of allyl chloride with HCl, 402-403 
stripping columns as reboiled, 378 
Absorption approach, to recycling raw materials, 72 
Abstracts 
executive summaries vs., 1198—1199 
written report guidelines, 1203-1204 
Accelerated depreciation schemes, 273 
Accelerated successive substitution (or relaxation) methods, in 
steady-state simulation, 578 
Accident statistics, in risk assessment, 1132—1133 
Accuracy, in capital cost estimates, 172—174 
Acetone production from isopropyl alcohol 
making it greener, 1171 
overview of, 1338 
preliminary equipment summary, 1341-1343 
process description, 1338-1339 
reaction kinetics, 1338, 1344 
references, 1346 
simulation (CHEMCAD) hints, 1344 
stream table, 1340 
utility summary table, 1343 
ACGIH (American Conference of Governmental and Industrial 


Hygienists), air contaminants standard, 1135 
ACGIH (American Conference of Governmental and Industrial 
Hygienists), air contaminants standards, 1135 
Acid-gas removal (AGR) 
directed graph of, 573 
equation-oriented approach, 585-586 
flowsheet using chilled methanol, 581-582 
simple flowsheet of, 572-573 
steady-state simulation examples, 580-585 
ACM (Aspen Custom Modeler), user-added models (UAMs), 
563 
Acrylic acid 
separation example. See Steam ejectors 
troubleshooting off-specification product, 1076-1078 
Acrylic acid production from propylene 
overview of, 1329—1330 
preliminary equipment summary, 1333-1336 
process description, 1330-1331 
reaction kinetics and reactor configuration, 1331—1333, 1337 
references, 1337 
simulation (CHEMCAD) hints, 1337 
stream table, 1332-1333 
ACS (American Chemical Society), codes of conduct, 1119 
Activated sludge, in biological waste treatment, 390 
Activation energy, in reaction kinetics, 1300, 1306, 1375 
Active pharmaceutical ingredient (API), production of, 92-97 
Activity-coefficient models 
binary interaction parameters (BIPs) and, 417 
for electrolyte systems, 429—430 
for hybrid systems, 423 
liquid-state, 418—419 
for LLE, 419, 421-422 
for SLE, 441 
using thermodynamic models, 424 
for VLE, 371, 419-420 
Actual rate of interest, compound interest calculations, 254 
Adams-Bashford method, 636 
Adams-Moulton method, 636 
Adiabatic flow, friction factors, 719—720 
Adiabatic mixer, tracing chemical pathways, 135-136 
Adiabatic splitters 
identifying recycle and bypass streams, 144-145 
tracing chemical pathways, 135-136 
Advanced process control (APC), 682-683 
AES (Aspen Engineering Suite), dynamic simulation, 626, 628, 
630, 641-642 
Agitated columns, in extraction equipment, 943-944, 946 
AGR. See Acid-gas removal (AGR) 
Air 


leaks into vacuum systems, 1050—1051 
removing heat from process stream, 676—678 
Air contaminant standards 
Clean Air Act (CAA), 1161 
Environmental Protection Agency (EPA), 1140-1142 
OSHA and NIOSH, 1135-1136 
Air-cooled heat exchangers, LMTD correction factor for, 797 
Alcohol fuel, coal to, 12 
Allyl chloride (3-chloro-1-propene) production, design for 
increasing 
additional background information, 1386—1388 
background, 1381 
equipment design parameters, 1384 
process description of allyl chloride facility, 1382-1385 
process design calculations, 1388-1393 
process flow diagram, 1382 
reference, 1393 
utility summary table, 1383 
Allyl chloride production, design new 20,000-metric-tons-per- 
year facility assignment, 1394-1395 
Allyl chloride reactor, debottlenecking, 1085-1091 
Aluminum 
material selection for, 194—197 
thermal conductivity, 800-801 
American Chemical Society (ACS), codes of conduct, 1119-1120 
American Chemistry Council, Responsible Care program, 1143 
American Conference of Governmental and Industrial 
Hygienists (ACGIH), air contaminants standard, 1135 
American Institute of Chemical Engineers (AIChE) 
Center for Chemical Process Safety (CCPS), 1143 
code of ethics, 1110—1111, 1127 
Design Institute for Emergency Relief Systems (DIERS), 1143 
Design Institute for Physical Property Research (DIPPR), 
402 
Dow Fire & Explosion Index, 1150 
Loss Control Credit Factors, 1151 
rules and regulations, 1134 
American Institute of Chemical Engineers (AIChE), Code of 
Ethics 
overview of, 1110—1112 
whistle-blowing, 1115—1117 
American National Standards Institute (ANSI), 1143 
American Petroleum Institute (API) 
definition of storage tanks, 1016 
Recommended Practices, 1143 
American Society for Testing and Materials (ASTM), 1143 
American Society of Mechanical Engineers (ASME) 
boiler and pressure vessel code, 1016, 1143 
symbols for flowsheets, 16 


Amortization method, evaluating profitability of equipment, 
302-303 
Analysis of means, parametric optimization, 487 
Annuity 
calculating with cash flow diagrams, 260-261 
calculating with discount factors, 261-265 
Annular fins of constant thickness, 833—837 
Annular fins of nonuniform thickness, 829-832 
ANSI (American National Standards Institute), 1143 
Antifouling chemicals, 223 
APC (advanced process control), 682-683 
API (active pharmaceutical ingredient), production of, 92-97 
API (American Petroleum Institute) 
definition of storage tanks, 1016 
Recommended Practices, 1143 
Application level, Bloom’s Taxonomy, 3 
Aqueous electrolyte system, building simulator model, 435-440 
ASME (American Society of Mechanical Engineers) 
boiler and pressure vessel code, 1016, 1143 
symbols for flowsheets, 16 
Aspartame. See L-phenylalanine and L-aspartic acid, batch 
production 
Aspen Custom Modeler (ACM), user-added models (UAMs), 
563 
Aspen Engineering Suite (AES), dynamic simulation examples, 
626, 628, 630, 641-642 
Assessment, of group effectiveness, 1178—1180 
Assigned functions, writing reports using, 1202 
Assigned sections, writing reports, 1201-1202 
Assignment memorandum, writing reports, 1221-1222 
ASTM (American Society for Testing and Materials), 1143 
Attenuation, inherently safe design, 1153 
Audience analysis 
in oral communication, 1209, 1214 
in written communication, 1196 
for written design reports, 1208—1209 
Augmented reality (AR), 46—47 
Authenticate, in PAR process, 349-351 
Auto-ignition temperature, defined, 1143-1144 
Auxiliary facility costs, 183, 201-203 
Axes, labeling graphs for design reports, 1200 
Axial compressors, 708 
Azeotropic distillation 
in binary systems, 379-382 
overview of, 378-379 
in ternary systems, 382—388 


B 
Back-of-the-envelope calculations, heuristics, 348 


BACT (best available control technology), pollution prevention, 
1166 
Baffles, S-T heat exchanger design, 784-788, 810 
Bar charts 
histograms in design reports, 1200 
report guidelines, 1206 
Bare module equipment costs 
algorithm for calculating, 200-201 
at base conditions, 186—189 
CAPCOST calculations for, 204—206, 1269-1275 
estimating materials of construction (MOCs), 194—199 
module costing technique, 185 
at nonbase conditions, 189—194 
Base case 
in PFD synthesis, 372—375, 388-389 
in process simulation, 411, 414—415 
as starting point for optimization, 469—470 
Base-case ratios 
analyzing condenser performance after scale-down, 938—939 
performance of feed section, 753-754 
performance of fluid flow equipment, 736-739 
troubleshooting steam release in cumene reactor, 1080 
troubleshooting via debottlenecking, 1089 
Base costs, analyzing in optimization, 471 
Batch optimization 
addition of market constraints, 491-492 
considering other equipment, 492-495 
optimum cycle time and, 495-497 
overview of, 490 
problem formulation, 491 
scheduling equipment and, 490-491 
Batch processes 
in chemical product design, 131 
deciding to use continuous processes vs., 56—60, 79 
defined, 56 
design calculations for, 91-97 
designing distillation columns and, 409 
equipment design for multiproduct, 111-113 
flowshop plants, 101-103 
Gantt charts and scheduling, 97—98 
intermediate storage, 108—110 
jobshop plants, 103—106 
logic control used in, 680-682 
nonoverlapping/overlapping operations and cycle times, 
98-101 
overview of, 91 
parallel process units, 110—111 
product storage for single-product campaigns, 106—108 
Batch reactors, 408, 975 


Batch sequencing, 91 
BCF (bioconcentration factor), estimating fate of chemicals in 
environment, 1163 
Benchmarks 
for acceptable rate of return on investments, 298-299 
in optimization, 470 
Benzene. See also Toluene HDA process 
block flow process diagram for production of, 11—12 
in cumene production. See Cumene production facility 
problems 
determining profit margin with input/output diagram, 
68-69 
distillation column performance, case study, 934-942 
evaluation of high-pressure phase separator, 164 
input/output structure, 61—63 
limitations of tracing chemical pathways in PFDs, 145-146 
in maleic anhydride production. See Maleic anhydride 
production from benzene 
PFD for production of, 21-26 
piping and instrumentation diagram for production of, 
27-29 
primary chemical pathways, 137-138 
producing via hydrodealkylation of toluene, 7 
Best available control technology (BACT), pollution prevention, 
1166 
Best case scenarios, quantifying risk, 314-315 
BFDs. See Block flow diagrams (BFDs) 
Bfw. See Boiler feed water (bfw) system 
Binary azeotropic distillation, 379-382 
Binary interaction parameters (BIPs) 
back-calculating for VLE data, 1283, 1361 
equations of state and, 417—418 
estimating thermodynamic model for VLE calculation, 
601-604 
gathering physical property data for PFD design, 371 
Bioconcentration factor (BCF), estimating fate of chemicals in 
environment, 1163 
BIPs. See Binary interaction parameters (BIPs) 
Birmingham Wire Gauge (BWG) tubing, 800-801 
Blame, friction in groups from, 1181 
Blast wave, in explosions, 1144 
Blenders 
bare module factors for, 1274 
equipment cost data for, 1249 
purchase costs for, 1259 
BLEVE (boiling-liquid expanding-vapor explosion), 1144 
Block-decomposition algorithm, equation-oriented (EO) 
approach, 585-586 
Block flow diagrams (BFDs) 


in design reports, 1200 
developing new chemical process using, 10 
features of, 63-65 
identifying primary chemicals in, 136 
overview of, 11 
plant diagram, 12-13 
process diagram, 11—12 
synthesizing PFD from. See Synthesis of PFD, from BFD 
Blocks 
in generic block flow process diagram, 63 
unsupported in dynamic simulation, 622 
Bloom’s Taxonomy of educational objectives, student self- 
assessment, 3—4 
Blowdown losses 
utility costs for cooling water tower, 221, 223-224 
utility costs for steam production, 229 
Blowers 
heuristics for, 361 
increasing pressure of gases, 707 
material factors for, 1272 
Boil-up rate 
debottlenecking strategies for reboiler, 939 
handling reduction in feed, 935 
increasing, 855-857 
manipulating when high purity is needed, 411 
Boiler feed water (bfw) system 
exchanging heat between process streams and utilities, 
676-678 
regulation scheme for Cumene reactor, 684 
utility costs for steam production, 229—234 
Boilers 
debottlenecking strategies for, 939 
distillation columns requiring reboiler, 477 
regulating utility streams in chemical plants, 676 
thermosiphon reboilers, 40—41, 633, 779 
waste heat, 234, 823-824 
Boiling heat transfer coefficients 
determining critical or maximum heat flux in pool boiling, 
815-816 
effects of forced convection on, 817—822 
film boiling, 822-824 
for nucleate (pool) boiling, 816-817 
typical pool boiling curve, 813-815 
Boiling-liquid expanding-vapor explosion (BLEVE), 1144 
Boiling point 
distillation exploiting, 876 
estimating fate of chemicals in environment, 1163 
Book value, depreciation and, 270 
Bottlenecks 


analysis of fluid flow equipment, 736 
debottlenecking to eliminate, 939, 1066 
troubleshooting via debottlenecking, 1085-1091 
Bottom-up approach, in optimization, 468 
Boundary, ternary azeotropic distillation, 386-387 
Boundary value design method (BVDM), for azeotropic 
distillation in ternary systems, 382-383 
Boundary value design method (BVDM), for azeotropic 
distillation in ternary systems., 386 
Brainstorming 
ideas in chemical product design, 127—128 
optimization and, 465-467 
as problem-solving strategy, 1067—1068 
using in HAZOP method, 1146-1147 
Briefings, oral presentation via, 1211 
Broyden’s method 
performance for tear stream convergence, 583 
for steady-state simulation, 579-585, 587-588 
Bubble cap trays, for separation, 913 
Bubble phase, bubbling fluidized bed reactors, 999 
Bubbling fluidized beds 
fluidized bed reactors, 999-1000 
two-phase model, 1002 
Business codes of conduct, 1126—1127 
Butenes. See Heptenes production 
BVDM (boundary value design method), for azeotropic 
distillation in ternary systems, 382-383, 386 
BWG (Birmingham Wire Gauge) tubing, 800-801 
By-products 
choosing separation units for PFD synthesis, 376 
eliminating unwanted nonhazardous/hazardous, 477—478 
reactor design for PFD synthesis, 373 
By-products (unwanted) 
in batch vs. continuous processes, 56 
DIPB example, 474-475 
eliminating, 587-588 
eliminating nonhazardous, 473-475 
reactions producing, 978 
recycling, 77 
reducing in green engineering, 1164 
separator designs and, 64 
Bypass streams, in chemical processes, 142-145 


C 

C programming language, user-added models, 563 

CAA. See Clean Air Act (CAA) 

CAD (Computer aided design) programs, for 3-D 
representation, 33 

Calculator blocks, in process simulation, 572 


Calibration, of thermodynamic model, 422—423 
Capacity. See also Heat capacity 
of common process units, 356 
impacting purchased equipment cost, 175-179 
plant costs based on, 206—208 
CAPCOST program 
bare module and material factors for heat exchangers, 
process vessels and pumps, 1267—1271 
bare module and material factors for remaining equipment, 
1271-1275 
calculating plant costs, 204—206 
cost curves for purchased equipment, 1247-1263 
material factors in equipment cost, 1272-1274 
Monte-Carlo (M-C) simulation used with, 325 
pressure factors in costs, 1264—1266 
in single-variable optimization, 480—481 
CAPE-OPEN-compliant UAMs, 563 
Capital cost estimation 
bare module equipment costs at base conditions, 186—189 
bare module equipment costs for nonbase-case conditions, 
189-194 
bare module factor and bare module cost, 199-201 
base-case analysis using, 469-470 
based on capacity information, 175-179, 206—208 
classifications of cost estimates, 172—175 
defined, 171 
equipment costs, 175—181 
equipment installation, 182-183 
expressed in dollars, 213 
grassroots and total module costs, 201-202 
incremental analysis of, 308-309 
Lang Factor method, 184-185 
materials of construction (MOCs), 194-199 
module costing technique, 185 
overview of, 169, 171 
plant costs, 182-206 
retrofitting evaluated with, 305-309 
time impacting purchased equipment cost, 179—181 
for total plant, 182-184 
using CAPCOST, 204-206 
Capital equipment-costing program. See CAPCOST program 
Capital investment, and pollution prevention, 1167—1168 
Capitalized cost factor, 300-302 
Capitalized cost method, 300-302 
Capstone design class 
outcomes assessment by faculty, 4-6 
student self-assessment of outcomes, 2—4 
Carbon dioxide (CO.) 
converting CO to, 1352—1356 


removal. See CO, and H,S removal from coal-derived syngas 
Carbon monoxide (CO), converting to COs, 1352-1356 
Carbon steel, selecting materials of construction, 194—197, 356 
Carnot efficiency, for mechanical refrigeration systems, 
225-226 
Cascade diagrams 
heat-exchanger network (HEN) design, 523-524 
mass-exchange network (MEN) design, 543-544, 546-547 
using HENSAD program to design, 540 
using MUMNE algorithm for HENs, 514-516 
Cascade regulation, 668-669, 684 
Case studies 
distillation column performance, 934-942 
regulation and control of chemical processes, 683-688 
report-writing. See Report-writing case study 
toluene HDA process, 426—428 
troubleshooting multiple units, 1076 
Cash criterion, evaluating profitability, 287-288 
Cash criterion, profitability and, 291-293 
Cash flow diagrams (CFDs) 
annuity calculation using, 260-261 
calculations using, 259—260 
capital depreciation using, 268—273 
commonly used factors in, 262 
cumulative. See Cumulative CFD (cash flow diagram) 
cumulative cash flow diagram and, 258-259 
discount factors and, 261-265 
discrete. See Discrete CFD (cash flow diagram) 
in engineering economic analysis, 255—256 
profitability analysis of new project, 285-287 
taxation, profit and, 274—277 
Catalysts 
adding to feed, 66 
development of new, 60, 124 
feed purity and, 66 
filtration in batch processes, 94—96 
matching volume with heat transfer in reactors, 997—999 
pollution prevention and, 1165 
reaction kinetics data for PFD design, 370-371 
reactor design and, 372 
recycle feed and, 73-76 
Catalytic chemical reactions, 154, 962 
Catalytic reactors 
case study, 683-685 
maleic anhydride production from benzene, 1305-1311 
using dynamic simulation, 618—619 
Categorizing grid (memory matrix), in outcomes assessment, 4 
Cause analysis, in troubleshooting strategy, 1066 
Cavitation, pump, 739—740 


CCP (Cumulative cash position), profitability criteria, 287—291 
CCPS (Center for Chemical Process Safety), AIChE, 1143 
CCR (Cumulative cash ratio), profitability criteria, 287—291 
Ceiling concentration, air contaminant limits, 1135 
Center for Chemical Process Safety (CCPS), AIChE, 1143 
Center for Engineering, Ethics and Society, 1118 
Centrifugal compressors 
overview of, 708 
performance curves for, 749-750 
positive displacement compressors vs., 709 
Centrifugal extractors, 943, 945-946 
Centrifugal pumps 
increasing pressure/regulating flowrate, 674-675 
performance analysis of fluid flow in, 745-749 
Centrifuges 
bare module factors for, 1274 
equipment cost data for, 1249 
purchase costs for, 1259 
CEPCI. See Chemical Engineering Plant Cost Index (CEPCI) 
index 
Ceramics, advantages/disadvantages of, 356 
CFDs. See Cash flow diagrams (CFDs) 
Change, human trait of resistance to, 369 
Charter statement, in forming stage, 1184 
Check valves, 706 
Checklists 
P&IDs in construction phase as, 31 
in Process Hazard Analysis, 1146 
CHEMCAD process, single-variable optimization, 480 
Chemical components, for PFD synthesis, 401 
Chemical Engineering Plant Cost Index (CEPCI) index 
CAPCOST program, 204—206 
changes from inflation, 183-184 
changing fuel costs from 2001-2016, 220 
values from 1996 to 2011, 179—181 
Chemical equilibrium, modeling electrolyte systems, 432 
Chemical Market Reporter (CMR), raw material costs, 234, 
236-237 
Chemical process diagrams. See also Graphical representations 
3-D plant model, 41-43 
3-D representation of a process, 34—41 
additional diagram types, 32-33 
BFDs. See Block flow diagrams (BFDs) 
immersive training simulators (ITS), 45 
linking ITS with OTS systems, 46—48 
operator training simulators (OTS), 43—45 
overview of, 8-10 
P&IDs. See Piping and instrumentation diagrams (P&IDs) 
process concept diagrams, 60—61 


process flow diagrams. See Process flow diagrams (PFDs) 
Chemical process industry (CPI), scope and products, 9 
Chemical process industry (CPI), scope and products of, 9 
Chemical product design 

batch processing, 131 

economics of, 131-132 

as future of chemical engineering, 124 

generation of ideas for, 127—128 

manufacturing process, 130—131 

overview of, 123-124 

product need and, 125-127 

selection process, 128-130 

strategies for, 124-125 
Chemical reactions 

case study of acetone production, 1339-1341 

catalytic, 154, 962 

chemicals required but not consumed, 62 

CSTRs used for liquid-phase, 980-984 

distillation of reaction products in batch processes, 92-94 

endothermic. See Endothermic reactions 

excess reactants affecting recycle structure, 76 

exothermic. See Exothermic reactions 

heat integration and. See Heat integration 

heat transfer and, 76 

inert materials in controlling, 77, 154 

ionic reactions, 432, 435—440, 447 

pressure impact on, 150 

process concept diagram in identifying, 60—61 

rate of. See Reaction rates 

reaction kinetics. See Reaction kinetics 

reaction vessels, 92—94 

reactor design and, 372-373 

reasons for operating at conditions of special concern, 

152-154 

resource materials for, 84 

runaway reactions, 1145 

temperature impact on, 150—151 
Chemical reactors. See Reactors 
Chemical Safety and Hazard Investigation Board, 1153 
Chemicals, fate of in environment, 1160—1163 
Chemistry, green, 1163—1164 
Choked flow, friction factors in, 720—722 
CIDs (composition interval diagrams), mass-exchange networks 

(MENS), 541-543, 546 

Circular fins of nonuniform thickness, fin efficiency, 830 
Circular flags, in P&IDs, 29-30 
Circulating fluid-bed reactors, 1001 
Citations of other work 

for equations in reports, 1207—1208 


for figures and tables in reports, 1206 
in report references, 1200 
Classification, of capital cost estimates, 172—175 
Claus process, defined, 1363 
Claus unit design, converting H.S to elemental sulfur 
major equipment summary, 1367—1368 
process description, 1363, 1368—1369 
process flow diagram, 1364 
reaction kinetics, 1369—1370 
references, 1370 
simulation (Aspen Plus) hints, 1370 
stream table, 1365-1366 
utility summary table, 1367 
Claus unit design, defined, 1363 
Clean Air Act (CAA) 
on fugitive emissions, 1166 
regulations, 1140—1141 
Risk Management Plan of EPA, 1141-1142 
summary of, 1161 
Clean Water Act (CWA) 
EPA regulations, 1161 
planned emissions, 1140 
Closed-cup measurement, flash point of liquid, 1144 
CMR (Chemical Market Reporter), raw material costs, 234, 
236-237 
CO, and H.S removal from coal-derived syngas 
major equipment summary, 1361-1362 
overview of, 1356 
process description, 1356-1358 
process flow diagram, 1359 
references, 1362 
simulation (Aspen Plus) hints, 1358, 1362 
stream table, 1358—1360 
utility summary table, 1360, 1362 
Coal 
CO. and H.S removal. See CO, and H.S removal from coal- 
derived syngas 
PFD for coal to alcohol fuel, 12-13 
utility costs and, 219 
Coalescence equipment 
L-L separation via, 1046—1047 
layouts for L-L separators, 1047—1049 
Coast Guard, regulating transport of hazardous cargo, 1141 
Cocurrent flow 
limiting temperature profiles for, 775 
LMTD correction factor for, 791, 797 
overview of, 773-775 
Cocurrent separations, mass separating agents and, 903 
Code of Federal Regulations (CFR) 


health, safety and environment, 1134 
legal liability of chemical engineers, 1126 
Codes of ethics 
American Institute of Chemical Engineers (AIChE), 
1110-1112, 1119—1120 
National Society of Professional Engineers (NSPE), 
1113-1114 
overview of, 1110 
whistle-blowing requirements in, 1115 
Cognitive domain, Bloom’s Taxonomy as, 3—4 
Cohen-Coon tuning rule, dynamic simulation, 641 
Cohen-Coon tuning rules, process control in dynamic 
simulation, 641-643 
Colburn equation, for continuous differential separations, 
906-910 
Colburn graph, troubleshooting packed-bed absorbers, 1072 
Colors, oral presentations using, 1213, 1217 
Columns 
condensers, reboilers and designing, 923—926 
flooding and diameter of, 914-920 
labeling in tables for design reports, 1200 
COM (cost of manufacturing). See Manufacturing cost estimates 
Combination feedback/feed-forward system, 667 
Combustion 
defined, 1143 
fires, explosions and, 1143-1145 
reducing in green engineering, 1165 
Committee, writing by, 1202 
Commodity chemicals, 123 
Common Denominator Method, profitability of equipment with 
different operating lives, 303-304 
Communication 
audience analysis and, 1196 
of optimization results, 468 
oral. See Oral communication 
written. See Written communication 
Competency, choosing group members for, 1182 
Component database, simulator features, 398 
Composite temperature-enthalpy diagrams 
designing with HENSAD program, 540 
estimating heat-exchanger surface area, 525-529 
showing minimum temperature approach, 523-524 
for systems without a pinch, 524-525 
Composition interval diagrams (CIDs), mass-exchange 
networks (MENs), 541-543, 546 
Composition, measurement of process variables, 662 
Compound adjectives, written report guidelines, 1203 
Compound interest 
calculating, 252-253 


continuously compounded, 255 
defined, 252 
interest rates changing over time and, 253 
time basis in calculating, 254-255 
Comprehension level, Bloom’s Taxonomy, 3 
Comprehensive Environmental Response, Compensation, and 
Liability Act (CERCLA) EPA regulations impacting, 1141 
retroactive liability in, 1168 
summary of environmental laws, 1161 
Compressible frictional flow 
for choked flow, 721-723 
for fluid in pipes, 719-720 
Compression 
in single-stage steam ejectors, 1052 
steam ejector performance and, 1057—1058 
utility costs for refrigeration, 225-228 
Compressors 
bare module cost for, 1270 
bare module factors for, 1271 
capacities of process units in common usage, 356 
conditions of special concern for, 155-158 
equipment cost data for, 1249 
feed section performance and, 751-755 
as fluid flow equipment, 707-708 
fluid flow performance analysis of, 749-752 
heuristics for, 361 
increasing pressure of gases, 707 
increasing pressure/regulating flowrate with, 674—676 
input for process simulation, 406 
material factors for, 1272 
mechanical energy balance in piping systems and, 700-703 
physical property data for PFD synthesis, 371 
pressure factors for, 1265 
purchase costs for, 1252 
staging of, 750-752 
utility cost estimates for, 238-240 
Computational blocks, steady-state simulations, 571-572 
Computational cost, sequential modular approach, 574 
Computer aided design (CAD) programs, for 3-D 
representation, 33 
Concentration control, with multiple reactors, 76 
Concentration profiles, in nonisothermal plug flow reactors, 
987-989 
Concept scoring, in chemical product design, 129-130 
Concept screening, in chemical product design, 129 
Condensate-return header pressure, utility costs for steam, 229 
Condensation 
drums used in partial, 911-912 
heat transfer and, 824-828 


TP-xy diagrams showing partial, 883 
Condensers 
impact on performance of distillation columns, 934—942 
in tray towers, 923—926 
using partial, 896 
utility costs for refrigeration, 225-228 
Conditions of special concern (separation and reactor systems) 
analyzing and justifying in PCM, 158-164 
for operation of other equipment, 155-158 
pressure, 150-151 
reasons for operating at, 152-154 
temperature, 150—152 
Confined spaces, Process Safety Management for, 1140 
Confined spaces, regulation for workers in, 1140 
Conflict of interest, business codes of conduct, 1127 
Conjunctive adverbs, written report guidelines, 1203 
Connectors, pipe, 705 
Constant molar (or molal) overflow, in binary distillation, 890, 
893 
Constant volume (positive displacement) pumps 
increasing pressure/regulating flowrate in streams, 674—676 
overview of, 706—707 
performance analysis of fluid flow in, 745-746 
Constraints 
defined, 464 
equality vs. inequality, 464 
in mechanical design. See Pinch technology 
optimization and, 464, 466 
VLE and, 602 
Consumer price index, CEPCI index compared with, 183 
Containment, process safety and, 994, 1153-1154 
Contaminants, gas permeation for removal of dilute, 950 
Contingency costs 
estimating bare module costs, 201 
estimating total capital cost of plant, 183 
Continuous differential separations 
calculating transfer units, 881 
Colburn equation for dilution, 908—910 
for dilute solutions, 905 
model for, 878-879 
operating line/equilibrium curves in, 905 
separations in packed columns as, 901 
Continuous phase, in L-L separation, 1044—1047 
Continuous processes 
deciding to use batch processes vs., 56—60, 79 
defined, 56 
hybrid/batch, 79, 82-83 
logic controllers in, 680 
Continuous stirred tank reactors (CSTRs) 


dynamic models for, 632 
examples, 974-975 
input for process simulation, 408 
nonisothermal, 980—984 
overview of, 972—973 
performance problems, 1003—1006 
Contractor’s estimates, 172—174 
Contracts 
business codes of conduct and, 1126—1127 
legal issues for chemical engineers, 1126 
Control 
in dynamic simulation, 639—646 
oral presentation guidelines, 1214 
of process operations. See Control and regulation of chemical 
processes 
Control and regulation of chemical processes 
advanced process control (APC), 682-683 
cascade control system, 668—669 
case studies, 683-688 
characteristics of regulating valves, 657-659 
combination feedback/feed-forward control strategy, 
667-669 
exchanging heat/work between process/utility streams, 
674-679 
feed-forward control and regulation strategy, 665-667 
feedback control and regulation strategy, 663-665 
logic control, 680-682 
measuring process variables, 662-663 
operator training simulator (OTS), 683—688 
overview of, 655—656 
ratio control strategy, 669—671 
regulating flowrates and pressures, 660-662 
simple regulation problem, 656-657 
split-range control strategy, 671-673 
Control loops 
in dynamic simulation, 641-643, 652 
identifying/describing in PFDs, 14—15 
P&IDs and, 29-30 
PFD synthesis and, 390 
Control systems 
advanced process control (APC), 682-683 
cascade control system, 668—669 
combination feedback/feed-forward control, 667—669 
dynamic simulation in, 619 
dynamic simulation in designing, 619, 640—656 
feed-forward control, 665-667 
feedback control, 663—665 
for hazardous materials, 1154 
logic control, 680-682 


ratio control system, 669—671 
split-range control strategy, 671-673 
Control volume, in fluid mechanics, 697-698 
Controllability, continuous vs. batch processes and, 59 
Controlled variable (CV) 
SISO controllers in dynamic simulation, 640 
in split-range control, 671-673 
Convection, effects on pool boiling of forced, 817-822 
Convective film heat transfer. See Film heat transfer coefficients 
Convergence criteria, in process simulation, 411-412 
Conversion profiles, adiabatic packed bed reactor, 996-997 
Conveyers 
bare module factors for, 1274 
equipment cost data for, 1249 
purchase costs for, 1260 
Cooling 
in acid-gas removal, 572-573, 587, 593-596 
complex reactor performance problems and, 1004—1006 
concentration/temperature profiles in reactors and, 987—989 
configuring CSTRs, 980-984 
dynamic simulation and, 625-627, 630 
heat exchange between process streams and utilities, 
676-678 
justifying operations outside temperature range for, 151-152 
in nonisothermal PFRs, 991 
nonisothermal plug flow reactors and, 991 
Cooling water tower, estimating utility costs, 221-225 
Cooperative or collaborative learning, in teams, 1189 
Coordination, of group effort, 1177—1178 
Copper and its alloys, selecting materials of construction, 
194-197 
Copper, thermal conductivity in heat exchangers, 800-801 
Correction factors, estimating fate of chemicals in environment, 
1160—1161 
Corrosion 
allowance in pressure vessel design, 1022 
resistance in some materials of construction, 1016, 
1019—1020 
Corrugated plate settlers, L-L separation, 1046—1047 
Cost 
capital. See Capital cost estimation 
chemical product design, 130—131 
conditions of special concern for reactors/separators, 
150—152 
heat integration and, 512 
manufacturing. See Manufacturing cost estimates 
of optimization, 470—471 
using continuous vs. batch processes, 60 
Cost curves, for purchased equipment 


for blenders, 1249, 1259 

for centrifuges, 1249, 1259 

for compressors, 1249, 1252 

for conveyers, 1249, 1260 

for crystallizers, 1249, 1260 

for drives, 1249, 1252 

for dryers, 1249, 1261 

for dust collectors, 1249, 1261 

for evaporators, 1249, 1253 

for fans, 1249-1250, 1254 

for filters, 1250, 1262 

for furnaces, 1250, 1255 

for heat exchangers, 1250, 1256 

for heaters, 1250, 1255 

for mixers, 1250-1251, 1262 

for packing, 1251, 1257 

for process vessels, 1251, 1258 

for pumps, 1251, 1254 

for reactors, 1251, 1263 

for screens, 1251, 1263 

for tanks, 1251, 1258 

for towers, 1251 

for trays, 1251, 1257 

for turbines, 1251, 1254 

for vaporizers, 1251, 1253 
Cost indexes 

classifying cost estimates, 173 

effect of time on purchased equipment cost, 179-181 

variations over 15 years, 177—179 
Cost of manufacturing (COM). See Manufacturing cost 

estimates 

Countercurrent flow 

continuous differential separation, 878-879 

limiting temperature profiles for, 775 

LMTD correction factor for, 791, 797 

overview of, 771-773 
CPI (chemical process industry), scope and products, 9 
Creeping flow, around submerged objects, 724-725 
Criminal prosecution, of chemical engineers, 1126 
Critical path method (CPM), group scheduling and, 1185 
Cross-flow exchangers, LMTD correction factor for, 797 
Crude oil, cost of, 220, 236—237 
Cryogenic conditions, of special concern, 152 
Crystallization 

guidelines for choosing separation units, 374 

heuristics for towers, 363 

of product in batch processing, 96-97 

solid-liquid equilibrium (SLE) and, 441 
Crystallizers 


bare module factors for, 1274 
equipment cost data for, 1249 
L-phenylalanine and L-aspartic acid production, 1328-1329 
purchase costs for, 1260 
CSTRs. See Continuous stirred tank reactors (CSTRs) 
CSTRs (Nonisothermal continuous stirred tank reactors) 
overview of, 980-984 
performance problems, 1004—1006 
Cumene 
basic regulation scheme, 683-685 
reactor case study, 683-685 
troubleshooting entire process, 1081-1085 
troubleshooting feed-section, 1074—1076 
troubleshooting steam release, 1078—1081 
Cumene production at new 100,000-metric-tons-per-year 
facility 
assignment, 1430—1431 
background, 1430 
cost of manufacture, 1432 
reaction kinetics, 1431 
report format, 1432 
simulation (CHEMCAD) hints, 1432 
Cumene production facility problems 
background, 1417 
equipment summary table, 1425-1426 
flow summary table, 1421 
process calculations, 1425-1429 
process description, 1417—1418 
process flow diagram, 1418-1419 
pump, system, and NPSH curves, 1423-1424 
reaction kinetics, 1417 
recent problems, 1418-1419 
specifications of products and raw materials, 1419-1420 
utility summary table, 1422 
Cumulative cash position (CCP), profitability criteria, 287—291 
Cumulative cash ratio (CCR), profitability criteria, 287—291 
Cumulative CFD (cash flow diagram) 
defined, 256 
discounted profitability cash criteria, 292-293 
discounted profitability interest rate criteria, 295 
evaluating profitability of new project, 285-287 
nondiscounted profitability criteria, 289-290 
overview of, 258-259 
Cumulative distribution functions 
Monte-Carlo analysis for quantifying risk, 321-324 
probability theory, 319-321 
Cumulative Sum (CUSUM) charts, statistical process control, 
682 
Curves 


analyzing centrifugal compressor, 749—750 
analyzing from feed section to process, 751-755 
analyzing pump and system, 743-749 
heat transfer coefficients for pool boiling, 813-815 
increasing heat of reaction in reactors, 989 
pump and compressor, in phthalic anhydride production, 
1405 
CV (Controlled variable) 
SISO controllers in dynamic simulation, 640 
in split-range control, 671-673 
CWA (Clean Water Act) 
EPA regulations, 1161 
planned emissions, 1140 
Cycle times 
in batch operations of optimum, 495-497 
in batch processing, 100—101 
flowshop plants, 101-103 
Cyclindrical shells 
pressure vessel design, 1016—1021 
sizing pressure vessels, 1023-1024 
Cylinders, falling-film condensation on, 825-828 


D 
DAEs (differential algebraic equations) 
as dynamic simulation solution method, 633-635 
method of lines generating, 631 
Data output generator, simulator features, 399 
Databases, in simulation, 562 
DCS (Distributed control system) screen, operator training 
simulator, 689 
DDB (double declining balance) depreciation method, 270-273 
Debottlenecking. See also Troubleshooting 
analysis of fluid flow equipment, 736 
applying to problems, 1085-1091 
overview of, 1066—1067 
Decide phase, in troubleshooting strategy, 1084 
Decide step, process troubleshooting, 1068-1071 
Decision-making 
friction in groups from lack of concurrence, 1181 
mobile truth and ethical, 1183-1184 
role of leadership in groups, 1181-1182 
Decision variables 
communicating results, 468—469 
estimating problem difficulty, 467—468 
in flowsheet optimization, 484—487 
identifying and prioritizing, 471-472 
objective function and, 464 
overview of, 464 


in parametric optimization, 479 


sensitivity studies and, 487 
Define phase, in troubleshooting strategy, 1081-1083 
Define phase, process troubleshooting, 1068—1071 
Definitive (project control) estimate, 172—173 
Deflagrations, explosions as, 1144 
DEM (dominant eigenvalue method), for steady-state 
simulation, 578-579 
Demand 
in chemical markets, 311-314 
deciding on continuous vs. batch processes, 58 
Density 
flow around submerged objects and, 723 
modeling distillation column for electrolyte system, 448 
probability density function, 318-321 
separating solids of different, 374 
solids modeling and, 442 
in thermodynamics, 416—417 
Department of Transportation (DOT) 
legal liability of chemical engineers and, 1126 
regulations for hazardous cargo, 1141 
Depreciation of capital investment 
different types of, 269-273 
example of calculating, 270-273 
fixed capital, working capital, and land, 269 
MACRS method of calculating, 273-274 
overview of, 268—269 
taxation, cash flow and profits in, 275-277 
Descriptive executive summaries, 1198—1199 
Design 
calculations required for batch processes, 91-97 
chemical product. See Chemical product design 
heat- (mass-) exchanger networks. See Pinch technology 
variables. See Decision variables 
writing minutes during meetings on, 1199 
Design blocks, in process simulation, 572 
Design-by-rule philosophy, pressure vessels, 1016 
Design Institute for Emergency Relief Systems (DIERS), AIChE, 
1143 
Design Institute for Physical Property Research (DIPPR), 402 
Design projects 
allyl chloride production at new facility. See Allyl chloride 
production, design new 20,000-metric-tons-per-year 
facility 
cumene production at new facility, 1430-1432 
cumene production facility problems. See Cumene 
production facility problems 
increasing allyl chloride production. See Allyl chloride (3- 
chloro-1-propene) production, design for increasing 
introduction to, 1379-1380 


phthalic anhydride production at new facility, 1412—1416 
phthalic anhydride production scale down. See Phthalic 
anhydride production, scaling down 
references, 1380 
Design reports 
figures and tables in, 1200 
written communications as, 1197—1198 
Desuperheaters, 937 
Detailed estimates, 172—174 
Detailed (firm or contractor’s) estimate, 172—174 
Detonation explosions, 1144 
Deviations, HAZOP questioning process, 1147 
Diagrams, of chemical processes. See Chemical process 
diagrams 
DIERS (Design Institute for Emergency Relief Systems), AIChE, 
1143 
Differential algebraic equations (DAEs) 
as dynamic simulation solution method, 633-635 
method of lines generating, 632 
Diffusion coefficients, in electrolyte systems modeling, 433-434 
Diffusion, solids modeling and, 442 
Dimensionality, equality constraints reduce, 464 
Dimethyl ether (DME) production 
cascade regulation for, 668—669 
chemical process for, 1278-1283 
making it greener, 1171 
material balance control for overhead product, 655-656 
DIPPR (Design Institute for Physical Property Research), 402 
Direct manufacturing costs, estimating for chemical product, 
213-218 
Direct substitution 
accelerated successive substitution (relaxation) vs., 578 
performance for tear stream convergence, 583 
steady-state simulation, 578 
steady-state simulation examples, 580-585 
Discharge coefficient, measuring flowrate, 730-735 
Discount factors, calculating annuities, 261-265 
Discounted cash flow rate of return (DCFROR) 
CAPCOST program using, 325 
comparing large projects, 295-298 
interest rate criterion, 293—295 
reliable results of, 327 
sensitivity analysis for quantifying risk, 315 
Discounted criteria, evaluating profitability, 291-295 
Discounted cumulative cash position, 291 
Discounted methods, for incremental analysis, 308-309 
Discounted payback period (DPBP) 
interest rate criterion, 294 
time criterion, 291-293 


Discrete CFD (cash flow diagram) 
for annuity, 260-265 
for capital depreciation, 268 
example of, 255-256 
overview of, 256—258 
Discretionary money, 248—251 
Disengagement, friction in groups from, 1181 
Dished (or torispherical) heads, pressure vessels, 1022—1024 
Dispersed phase (droplets), in L-L separation, 1044-1047 
Disposal, in life cycle analysis, 1169 
Distillation 
approach to recycling raw materials, 72 
azeotropic, generally, 378-379 
azeotropic, in binary systems, 379-382 
azeotropic, in ternary systems, 382-388 
batch, 409 
design calculations for batch processes, 94—95, 97 
designing for optimum energy usage, 1165 
energy as separating agent in, 876 
exploiting boiling points between components, 876 
heuristics for towers used in, 363 
mass separating agents compared to, 903—904 
McCabe-Thiele method for mass separating agents, 903-905 
McCabe-Thiele method using packed columns, 901-902 
McCabe-Thiele method using tray columns, 888—901 
simple, 376-378 
TP-xy diagrams showing, 883-888 
Distillation columns. See also Tray towers 
basic control system for binary, 685-687 
building model of aqueous electrolyte system, 435-440 
case study on performance of, 934-942 
design cumene production at new 100,000-metric- tons-per- 
year facility, 1432 
drums used in, 911-912 
dynamic models and control of, 632-633 
input for process simulation, 408—409 
McCabe-Thiele method using tray columns, 888-901 
modeling for electrolyte systems, 447—450 
reasons for elevating, 39—40 
sequencing for simple distillation, 376-379 
single-variable optimization of, 480—481 
sophisticated control system for binary, 687—688 
Distributed control system (DCS) screen, operator training 
simulator, 689 
Distributed-parameter models, for heat exchangers, 625 
Disturbance variables (DV) 
in dynamic simulation, 619, 626 
input variables as, 617 
DMC (dynamic matrix control), model-based, 683 


DMO solver, in Aspen+, 594 
DO (drying oil) production, 1299-1304 
Dominant eigenvalue method (DEM), for steady-state 
simulation, 578-579 
DOT (Department of Transportation) 
legal liability of chemical engineers and, 1126 
regulations for hazardous cargo, 1141 
Double declining balance (DDB) depreciation method, 
270-273, 274 
Dow Fire & Explosion Index, 1147, 1150-1152 
Downcomer channel, 911—912 
DPBP (Discounted payback period) 
interest rate criterion, 294 
time criterion, 291-293 
Drag coefficient, flow around submerged objects, 723-725 
Drainage and spill control, in Dow Fire & Explosion Index, 1152 
Drivers, heuristics for, 358 
Drives 
bare module cost for, 1270 
bare module factors for, 1271 
capacities of process units, 356 
equipment cost data for, 1249 
material factors for, 1272 
pressure factors for, 1265 
purchase costs for, 1252 
Dropwise condensation, 824 
Drums, heuristics for. See also Vessels, 358 
Dryers 
bare module factors for, 1274 
equipment cost data for, 1249 
purchase costs for, 1261 
Drying oil (DO) production, 1299-1304 
Dual-stage Selexol unit design. See CO. and H-S removal from 
coal-derived syngas 
Dust collectors 
bare module factors for, 1274 
equipment cost data for, 1249 
purchase costs for, 1261 
Duties and obligations, in ethical problem-solving, 1110 
DV (disturbance variables) 
in dynamic simulation, 619, 626 
input variables as, 617 
Dynamic matrix control (DMC), model-based control, 683 
Dynamic simulation integrator algorithms, solutions to DAE 
systems, 635-637 
Dynamic simulators 
distillation columns setup, 632-633 
dynamic specifications in, 624 
equipment geometry and size setup, 622-624 


flash separators and storage vessels setup, 630-632 

heat exchangers setup, 625 

method of lines setup, 632 

need for dynamic simulation, 618—619 

OTS required for executing, 689 

process control, 639-646 

process heat exchangers setup, 627—630 

reactors setup, 632 

series of CSTRs setup, 632 

setting up, 619 

solution methods, 634-639 

terminology for, 617—618 

topological changes from steady-state simulation, 619-622 

utility heaters/coolers setup, 625-627 
Dynamic specifications, in dynamic simulators, 624 
Dysfunctional group behavior, 1183 


E 
E-mail, rapid written communication via, 1199 
EAOC. See Equivalent annual operating cost (EAOC) 
EB production. See Ethylbenzene (EB) production 
ECC (equivalent capitalized cost), 301 
Economics 
analysis of engineering. See Engineering economic analysis 
capital costs and. See Capital cost estimation 
of chemical processes, 149 
manufacturing costs. See Manufacturing cost estimates 
of pollution prevention, 1165, 1167—1168 
of product design, 131-132 
profitability analysis in. See Profitability analysis 
Economy of scale 
deciding on continuous vs. batch processes, 57 
equipment capacities and, 177—179 
Effective annual interest rate, 254-255 
Effectiveness charts, heat exchangers, 861-864 
Effectiveness factor (F), applied to S-T heat exchangers, 
529-534 
Efficiency 
defining tray, 920-922 
in group synergy, 1176 
of mist eliminators in V-L separation, 1040-1044 
using continuous vs. batch processes, 58 
EIS (Environmental impact statement), 1140 
EIT (Engineerin-Training) certification, 1122—1125 
Elbows, changing flow direction with, 705 
Electricity 
cost of, 220 
cost of manufacturing benzene, 241-242 
utility costs for plant with multiple process units, 222 


utility costs for steam production, 228-234 
utility costs from PFDs, 238—240 
Electrolyte systems modeling 
building model of aqueous electrolyte, 435-440 
calculating excess Gibbs free energy for, 445-447 
calculation of Gibbs free energy for, 430 
chemical equilibrium in, 432 
diffusion coefficient in, 433-434 
fundamentals of, 429-431 
heat capacity in, 431-432 
modeling distillation column for, 447-519 
molar volume in, 432 
overview of, 428 
surface tension in, 434-435 
thermal conductivity in, 433 
viscosity in, 432-433 
Elevation diagrams, 32-33 
Elevation, of equipment, 39—41 
Elliptical heads, for pressure vessels, 1022—1024 
Emergencies, simulation in training for, 48 
Emergency Planning and Community Right to Know Act 
(EPCRA), 1141, 1161 
Emergency release of emissions, EPA, 1141 
Emissions 
emergency release of, 1141 
fugitive, 1166 
green engineering for reduction of, 1159 
pollution prevention in process design and, 1165—1166 
Employee relations, and business codes of conduct, 1127 
Endothermic reactions 
hierarchy of reactor configurations for, 986 
justifying reactors operating at temperature conditions of 
special concern, 152-153 
reactor design and, 373 
reactor design for PFD synthesis, 373 
reasons for multiple reactors, 76 
Energy 
affecting supply and demand curves, 313 
green engineering minimizing use of, 1159 
heat integration efficiency and. See Heat integration 
loss due to friction in piping systems, 700-703 
recovery system, 83 
Energy balance 
in McCabe-Thiele method for distillation, 890, 892, 899 
MERSHQ (material balance, energy balance, rate equations, 
hydraulic equations, and equilibrium equations) in, 
436-440 
nonisothermal CSTRs and, 980-984 
performance problems for reactors, 1005 


reactors and, 971-972 
reboilers and, 924 
relationships in separations, 877 
Engineerin-Training (EIT) certification, 1122-1125 
Engineering economic analysis 
annuity calculation, 260-265 
calculations using cash flow diagrams, 259-265 
cash flow diagrams in, 255-259 
compound interest, 252-253 
cumulative cash flow diagram, 258—259 
depreciation of capital investment, 268-274 
discrete cash flow diagram, 256—258 
inflation, 266—267 
interest rates changing over time, 253 
investments, and time value of money, 248-251 
overview of, 247-248 
simple interest, 252 
taxation, cash flow, and profit, 274-277 
time basis for compound interest calculations, 254-255 
types of interest, 251-253 
Engineering ethics, 1104, 1118-1121 
“Engineers’ Creed,” code of ethics, 1112 
Enthalpy. See also Temperature-enthalpy (T-Q) diagrams 
composite enthalpy curves for systems without a pinch, 
524-525 
composite temperature-enthalpy diagram, 523-524 
handling streams with phase changes, 539-540 
of mechanical energy balance in piping systems, 700-703 
MESH (material balance, phase equilibrium, summation 
equations, and enthalpy balance), 435-440 
solids modeling and, 442 
thermodynamic model, 416 
Entrainment 
defined, 914 
performance of steam ejectors, 1057—1058 
Envelope method, tracing primary chemical pathways, 139-140 
Envirofacts System, EPA, 1141 
Environment. See also Health, safety, and environment (HSE) 
fate of chemicals in, 1160-1163 
green engineering for. See Green engineering 
life-cycle analysis (LCA) of product consequences in, 
1168-1169 
PFD synthesis and, 389 
work, 1177 
Environmental control block, in block flow diagram, 65 
Environmental impact statement (EIS), 1140 
Environmental Protection Agency (EPA) 
definition of “worst-case release,” 1133 
emergency release of emissions, 1141 


focus of, 1131 
fugitive emissions and, 1166 
legal liability and, 1126 
overview of, 1140 
planned emissions, 1140—1141 
Risk Management Plan (RMP), 1141-1142 
Environmental regulations 
green engineering and, 1159—1160 
need for steady-state simulation, 562 
Pollution Prevention Act of 1990, 1159-1160 
summary of laws, 1161 
EO. See Equation-oriented (EO) approach 
EOS 
estimation of physical property parameters, 602—604 
solids modeling and, 443 
EPA. See Environmental Protection Agency (EPA) 
EPCRA (Emergency Planning and Community Right to Know 
Act), 1141, 1161 
Equal percentage (or constant) valves, for regulation, 658 
Equality constraints, in optimization, 464 
Equation-oriented (EO) approach 
converging optimization problem using, 592-595 
for linear/nonlinear equations in dynamic simulation, 
637-638 
optimization of flowsheet convergence and, 590-591 
SMod as hybrid of SM and, 586-589 
in steady-state simulation, 585-586 
Equations, in written design reports, 1207—1208 
Equations of state, phase equilibrium model, 417—418 
Equilibrium 
inert materials added to feed for controlling reactions, 67-68 
justifying conditions of special concern in 
reactors/separators in PCM, 158—164 
justifying reactors/separators operating at temperature 
conditions of special concern, 152-154 
liquid-liquid. See Liquid-liquid equilibrium (LLE) 
MERSHQ (material balance, energy balance, rate equations, 
hydraulic equations, and equilibrium equations) in, 
436-440 
MESH (material balance, phase equilibrium, summation 
equations, and enthalpy balance) in, 435-440 
modeling electrolyte systems with chemical, 432 
reactor design, 372 
reactors, 408 
reasons for multiple reactors, 76 
separation, 877-878 
solid-liquid equilibrium (SLE), 441-443 
solid-vapor equilibrium (SVE), 441-442 
vapor-liquid. See Vapor-liquid equilibrium (VLE) 


Equipment 

3-D representation of. See 3-D representation of process 
(plant model) 
analyzing important process conditions, 158—164 
CAPCOST costs for purchased, 1247-1248 
capital cost estimates for, 176 
conditions of special concern for, 150—152, 155-158 
constructing P&IDs, 27-29 
for continuous vs. batch processes, 57 
costs of installation, 182—183 
data for optimization base case, 469—470 
debottlenecking. See Debottlenecking 
depreciation of, 269 
with different operating lives, 300-305 
disposal, 1169 
drawings showing location of plant, 32 
duplicating for increased production, 110—111 
eliminating for optimization, 475 
eliminating or replacing, 17-18 
fluid flow, 703—708 
fluid mechanics. See Fluid mechanics 
fouling. See Fouling 
geometry and size for dynamic simulation, 622-624 
heat transfer. See Heat transfer 
identifying in PFDs, 16—17 
increasing allyl chloride production, 1384 
intermediate storage for, 109 
in multiproduct batch processes, 111—113 
overview of, 695-696 
parameter selection for simulation, 405—411 
PFD topology for, 14-18 
plant cost estimates. See Plant costs 
problem-solving, 1068 
process design. See Major equipment summary, in product 
design 

reactors. See Reactors 
rearranging for optimization, 475-477 
retrofitting, 1091 
with same operating lives, 299-300 
scheduling batch processes, 97—98, 101—106, 490—494 
summarizing in PFD, 21-23 
troubleshooting. See Troubleshooting 

Equipment, dynamic simulation setup 
dynamic data/specification of, 624 
dynamic models for, 632-633 
flash separators and storage vessels, 630—632 
heat exchangers, 625 
method of lines, 632 
process heat exchangers, 627—630 


reactors, 632 
series of CSTRs, 632 
utility heaters/coolers, 625-627 
Equipment, other 
knockout drums. See Knockout drums (phase separators) 
pressure vessels. See Pressure vessels 
steam ejectors. See Steam ejectors 
Equipment summary table 
cumene production facility problems, 1425-1426 
as final element of PFD, 21-22 
PFD synthesis, 390-391 
scale-down of phthalic anhydride production, 1409-1410 
Equivalent annual operating cost (EAOC) 
for distillation using McCabe-Thiele method, 900-901 
for equipment with different operating lives, 302-303 
for heat-exchanger networks, 534—536 
for incremental analysis, 309 
for large processes using HENSAD, 540-541 
objective functions in optimization, 470—471 
Equivalent capitalized cost (ECC), 301 
Equivalent length method, frictional loss, 710 
Errors, common simulation, 412—413 
Ethanol, purifying with pervaporation, 380-381 
Ethical dilemmas, 1117—1118 
Ethics and professionalism 
affinity to group and mobile truth, 1183-1184 
business codes of conduct, 1126—1127 
codes of ethics, 1110—1114 
duties and obligations, 1110 
engineerin-training certification, 1122—1124 
ethical dilemmas, 1117—1118 
ethical heuristics, 1118 
Fundamentals of Engineering (FE) exam, 1122—1124 
legal liability, 1125-1126 
moral autonomy, 1105 
moral values and, 1104 
nonprofessional responsibilities, 1108—1110 
Principles and Practice (PE) exam, 1124—1125 
professional registration (certification), 1121-1125 
reasons for ethical behavior, 1103—1104 
reflection in action, 1106—1107 
registered professional engineer, 1124—1125 
rehearsal of new skills, 1105-1106 
resource materials for, 1118—1121 
whistle-blowing, 1115—1117 
Ethics Resource Guide, NIEE, 1119 
“Ethics Test” video, NSPE code of ethics, 1121 
Ethylbenzene (EB) production 


major equipment summary, 1289-1291 
making it greener, 1171 
overview of, 1283-1284 
process description, 1284 
process flow diagram, 1286 
reaction kinetics, 1284-1285 
references, 1291 
simulation (CHEMCAD) hints, 1291 
stream table, 1287-1288 
utility summary table, 1288 
Ethylene oxide production 
major equipment summary, 1315—1316 
making it greener, 1171 
overview of, 1311 
process description, 1311-1313 
process flow diagram, 1312 
reaction kinetics, 1313, 1316 
references, 1317 
simulation (CHEMCAD) hints, 1316 
split-range pressure control of, 673 
stream table, 1314 
utility summary table, 1315 
Evaluate step, in troubleshooting, 1068-1071 
Evaluation level, Bloom’s Taxonomy, 4 
Evaporators 
bare module cost for, 1270 
bare module factors for, 1271 
calculating utility costs for refrigeration, 225-228 
equipment cost data for, 1249 
material factors for, 1272 
pressure factors for, 1265 
purchase costs for, 1253 
separation and, 876 
Evolution, group, 1183 
Exams, team, 1189 
Excel, user-added models, 563 
Exchanger networks. See Pinch technology 
Exchangers. See Heat exchangers 
Executive summary 
report abstract vs., 1198—1199 
written report guidelines, 1203-1204 
Exhibits (figures and tables), written communications as, 1200 
Exothermic reactions 
fluidized bed reactors for extreme, 985, 986 
hierarchy for nonisothermal plug flow reactors, 984—986 
loss of coolant accidents (LOCAs) in, 1145 
reactor design and, 373 
Expanders, input for process simulation, 406 


Expansion valve or turbine, utility costs for refrigeration, 
225-228 
Experience-based principles, in process design 
advantages/disadvantages of materials of construction,, 357 
heuristics and shortcut methods, 348-349 
heuristics for compressors, fans, blowers, and vacuum 
pumps, 361 
heuristics for drivers and power recovery equipment, 358 
heuristics for drums (process vessels), 358 
heuristics for heat exchangers, 362 
heuristics for liquid-liquid extraction, 365 
heuristics for packed towers (distillation and gas absorption), 
364 
heuristics for piping, 360 
heuristics for pressure and storage vessels, 366 
heuristics for pumps, 360 
heuristics for reactors, 366 
heuristics for refrigeration and utility specifications, 367 
heuristics for thermal insulation, 362 
heuristics for towers (distillation and gas absorption),, 363 
heuristics for tray towers (distillation and gas absorption), 
364 
maximizing benefits of experience, 349-351 
overview of, 347-348 
physical property heuristics, 355 
process unit capacities, 356 
references, 368 
tables of heuristics and guidelines, 351-355 
Expert systems, select model for system, 402 
Explicit Euler method, dynamic simulation integrator 
algorithms, 635 
Explicit methods, dynamic simulation integrator algorithms, 
635 
Explosions. See also Fire and explosions, 1144 
Extended surfaces 
fin efficiency for other fin geometries, 830-831 
heat transfer coefficients for gases and, 828—829 
rectangular fin with constant thickness, 829-830 
total heat transfer surface effectiveness, 831-837 
Extraction equipment 
agitated columns, 943-944 
centrifugal extractors, 943, 945 
comparison of, 945-946 
mixer-settlers, 943 
overview of, 942 
pulsed columns, 943 
static and pulsed columns, 943 
static columns, 943 


Faculty, outcomes assessment by, 4—6 
Failure Modes and Effects Analysis (FMEA), in Process Hazard 
Analysis, 1146 
Falling-film condensation 
on cylinders, 825-828 
Nusselt’s analysis, 824-825 
Fanning friction factor, for frictional losses, 709—711 
Fans 
bare module cost for, 1270 
bare module factors for, 1271 
equipment cost data for, 1249-1250 
heuristics for, 361 
increasing pressure of gases, 707 
material factors for, 1273 
pressure factors for, 1265 
purchase costs for, 1254 
Fatal accident rate (FAR), 1132-1133 
Fatality rate, accident statistics, 1132—1133 
Fault diagnosis and identification (FDI), dynamic simulation in, 
619 
Fault-Tree Analysis (FTA), in Process Hazard Analysis, 1146 
FBD (Function Block Diagram), logic control, 680 
FCC (Fluidized catalytic cracking), solids modeling, 440 
FCI. See Fixed capital investment (FCT) 
FDI (Fault diagnosis and identification), dynamic simulation in, 
619 
FE (Fundamentals of Engineering) exam, 1122—1124 
Feasible distillation processes, ternary azeotropic distillation, 
382, 386-388 
Federal government regulations 
health, safety and environment, 1134 
industry and commerce, 1126 
Federal Insecticide, Fungicide, and Rodenticide Act (FIFRA), 
1161 
Federal Register (FR), 1126, 1134 
Feed chemicals/feed streams 
additions for stabilization or separation, 67 
affecting reflux ratio in separation, 897—898 
formulating preliminary PFD for, 78-82 
in generic block flow process diagram, 63-64 
improving environment with green, 1163-1164 
inert materials controlling equilibrium reactions, 67-68 
input/output process diagrams and, 68—69 
McCabe-Thiele method for distillation, 892-894 
non-stoichiometric feed compositions of special concern, 154 
performance of feed section to process, 751-755 
preparing reactor and separator in PFD synthesis, 388-389 
in process concept diagram, 60—61 
in process flow diagram, 61-63 


purifying, 66-67 
reactors transforming into products, 137 
recycling with or without purge stream, 73-75 
selecting feedstream properties for simulation, 404—405 
simulation of toluene HDA process, 427—428 
using continuous vs. batch processes for, 56-58, 60 
Feed-forward control 
calculator blocks in simulation as, 572 
combination feedback and, 667 
major process control loops and, 390 
model of higher education as, 1-2 
oral communication as type 0, 669 
ratio control as type of, 669 
and regulation, 665-667 
weakness of, 1 
written communications as, 1209 
Feed preheater, utility cost estimate for, 238—240 
Feed pumps, cumene production facility and, 1419 
Feedback control 
advantages/disadvantages of, 663 
basis of, 659 
examples of, 663—665, 667 
flowrate schemes for pumping liquids, 675 
loops for binary distillation column, 685 
oral presentations provide type of, 1209 
outcomes assessment analogous to, 1 
in process control, 640 
Fees, in estimating bare module costs, 201 
Ferrous alloys, selecting materials of construction, 194-197 
Fiduciary responsibilities, business codes of conduct, 1127 
FIFRA (Federal Insecticide, Fungicide, and Rodenticide Act), 
1161 
Figures (graphs and pictures), in design reports, 1200, 
1206-1207 
Film boiling, heat transfer coefficients for, 822-824 
Film heat transfer coefficients 
boiling heat transfer. See Boiling heat transfer coefficients 
condensing heat transfer, 824—828 
correlations for, 803 
flow inside tubes, 803-808 
flow outside of tubes (shell-side flow), 808-813 
Filters 
bare module factors for, 1274 
cost curves for purchased equipment, 1262 
equipment cost data for, 1250 
L-phenylalanine and L-aspartic acid production, 1328 
for particles in compressors, 708 
Finned tubes, air-cooled heat exchangers, 797 
Fins 


effectiveness for rectangular fins, 864—866 
efficiency of rectangular fins with constant thickness, 
828-829 
other fin geometries, 830-831 
total heat transfer surface effectiveness and, 831-837 
various types of, 829 
Fire and explosions 
Dow Fire & Explosion Index, 1150-1152 
pressure-relief systems, 1145 
terminology, 1143-1145 
Fired heaters. See Furnaces 
Firm estimates, 172—174 
First person pronouns, avoiding in written design reports, 1202 
Fixed capital investment (FCT) 
calculating total capital investment, 269 
calculating utility costs, 221 
cash flow diagram for new project, 286 
depreciation of, 269 
estimating EAOC for HENs, 534-536 
estimating manufacturing costs, 215, 217, 230-231 
interest rate nondiscounted profitability criteria and, 
287—291 
Monte-Carlo analysis for quantifying risk, 321-322 
sensitivity analysis for quantifying risk, 316-318 
in single-variable optimization, 480 
supply and demand curves affecting, 313 
in two-variable optimization, 483 
Fixed manufacturing costs, 214—218 
Fixed-tubesheet design, S-T heat exchangers, 783—784, 788 
Fixing problems, in troubleshooting, 1066 
Flanges 
connecting pipes with, 705 
minimizing pollution from leaking, 1166 
Flares, in pressure-relief systems, 1145 
Flash point, of liquid, 1144 
Flash separators, dynamic simulation and, 630—632 
Flash units, equipment parameters in PFD synthesis, 408 
Flexibility 
optimization related to, 489-490 
process flow diagram, 489—490 
using continuous vs. batch processes, 57 
Flooding 
calculating diameter for packed tower, 930-931 
calculating velocities, 915-916 
in mist eliminators, 1038—1040 
overview of, 914-915 
Flow. See also Fluid mechanics 
analyzing pump and system curves, 743-749 
base-case ratios, 736-739 


compressor curves and staging, 749-752 
frictional pipe. See Frictional pipe flow 
inside tubes, film heat transfer coefficients, 803-808 
net positive suction head (NPSH) for pumps, 739-743 
over tubes, film heat transfer coefficients, 808-813 
past submerged objects, 723-728 
patterns on shell-side of S-T heat exchangers, 785-788 
performance of fluid flow equipment, 736 
through fluidized beds, 728-730, 999-1004 
Flow diagrams 
block flow diagrams. See Block flow diagrams (BFDs) 
piping and instrumentation diagrams. See Piping and 
instrumentation diagrams (P&IDs) 
process flow diagrams. See Process flow diagrams (PFDs) 
value in communicating information, 9 
Flow summary table 
information in PFDs for, 19-20 
PFD synthesis and, 390 
Flowrate 
for binary distillation column, 685-687 
changing with valves, 655 
complex problems for reactors, 1004—1006 
exchanging heat between process streams and utilities, 678 
increasing pressure, and regulating, 674-676 
measurement, 730-735 
measuring, 662, 730-735 
performance curves for, 744-746, 748-750 
performance of feed section, 752-755 
regulating by manipulating, 655-656 
regulating pressure and, 660—662 
regulating with valves, 705 
Flowsheet builder, simulators, 997 
Flowsheet solver, simulators, 997 
Flowsheets 
of chilled methanol in acid-gas removal, 572-573 
in flow summary table for PFD synthesis, 390 
handling recycle streams, 413—415 
optimization using decision variables, 484—487 
process simulation with topology input for, 404 
selecting topology for PFD synthesis, 404 
simulation of toluene HDA process, 427 
steady-state simulation examples, 580-585 
using tear streams in sequential modular approach, 576-578 
using tear streams to solve problems with recycles, 400—401 
Flowshop plants, batch processes in, 101—103 
Fluid flow equipment, performance 
base-case ratios, 736-739 
compressor curves, 749-752 
feed section to process, 751-755 


net positive suction head (NPSH) for pumps, 739-743 
overview of, 736 
pump and system curves, 743-749 
Fluid mechanics 
analyzing pump and system curves, 743-749 
base-case ratios, 736-739 
basic relationships in, 697—703 
compressor curves and staging, 749-752 
compressors, 707—708 
flow past submerged objects, 723-728 
flowrate measurement, 730-735 
fluid flow equipment performance, 736 
fluid flow equipment types, 703-708 
fluidized beds, 728-730 
force balance, 703 
frictional pipe flow. See Frictional pipe flow 
mass balance, 698-699 
mechanical energy balance, 700—703 
net positive suction head (NPSH) for pumps, 739-743 
overview of, 697 
performance of feed section to process, 751-755 
pipes, 703-705 
pumps, 706-707 
valves, 705-706 
Fluidized bed reactors 
bubbling fluidized bed, 999-1000 
designing new facility for allyl chloride production, 1394 
for extreme exothermic reactions, 985 
fast fluidization, 1001 
flow through, 728-730 
increasing allyl chloride production, 1388—1393 
overview of, 999 
turbulent fluidization, 1000—1001 
Fluidized catalytic cracking (FCC), solids modeling, 440 
Fluids 
flow of. See Flow 
S-T heat exchanger heuristics, 788—789 
FMEA (Failure Modes and Effects Analysis), in Process Hazard 
Analysis, 1146 
Fogler and LeBlanc, problem-solving strategy, 1068—1071 
Fonts, improper use in oral presentations, 1217 
Force balance 
and flow around submerged objects, 723—728 
fluid flow in piping systems, 703 
Forced convection, effects on pool boiling, 817-822 
Forecasting uncertainty 
in chemical processes, 310-311 
supply and demand factors, 311-314 
Foreign countries, business codes of conduct for, 1127 


Formal oral presentations, preparing for, 1210—1211 
Formalin production 
defined, 1317 
major equipment summary, 1321—1323 
making it greener, 1171 
process description, 1317—1319 
process flow diagram, 1318 
reaction kinetics, 1319 
references, 1319 
simulation (CHEMCAD) hints, 1319 
stream table, 1320 
utility summary table, 1321 
Formation stage, in group evolution, 1184 
Formats 
written communication, 1197 
written report guidelines, 1203-1206 
Forming stage, in group evolution, 1184 
FORTRAN programming language, user-added models, 563 
Fouling 
antifouling chemicals, 223 
bubble caps prone to, 913 
and choice of tube-side fluid, 788 
condensing heat transfer and, 824 
design algorithm for S-T heat exchangers, 839, 841 
design away from pinch and, 520-521 
equipment, 59 
estimating individual heat transfer coefficients and, 803 
and heat transfer coefficients, 800-801 
optimum cycle time for cleaning heat exchangers prone to, 
497 
in separation equipment, 938—940 
troubleshooting performance, 1070 
water contaminants in steam production causing, 229 
FR (Federal Register), 1134 
Free convection boiling, 813 
Friction (interpersonal), sources of group, 1180—1181 
Frictional losses, calculating, 709—711 
Frictional pipe flow 
calculating frictional losses, 709-711 
choked flow, 720-723 
compressible flow, 719-720 
incompressible flow, 712-719 
Friendship, choosing group members, 1183 
FTA (Fault-Tree Analysis), in Process Hazard Analysis, 1146 
Fuel costs. See Utility costs 
Fugitive emissions 
minimizing pollution from, 1166 
regulation of, 1140-1142 
Fully developed turbulent flow 


friction factors in choked flow, 721-723 

frictional losses for, 710 
Function Block Diagram (FBD), logic control, 680 
Fundamentals of Engineering (FE) exam, 1122-1124 
Furnaces 

bare module cost for, 1270 

bare module factors for, 1271 

equipment cost data for, 1250 

material factors for, 1273 

pressure factors for, 1265 

purchase costs for, 1255 
Future liability 

in economics of pollution prevention, 1168 

estimating fate of chemicals in environment, 1163 
Future value (F) of investment 

calculating annuities, 261-265 

overview of, 249 

types of interest used when calculating, 251-253 


G 
Gantt charts 
in batch processing, 97-98 
group scheduling and, 1185 
multiproduct sequence, 103 
reference for developing and using, 1191 
and scheduling, 97-98 
scheduling batch processes, 103—105 
for single-product and multiproduct campaigns, 104—105 
Gas 
absorption, 363 
heat transfer coefficients in packed beds, 992-993 
law. See Ideal gas law 
permeation membrane separations, 947-950 
Gas-liquid separations 
two-film model for, 879-880 
using mass separating agents, 903 
Gas-phase reactions 
estimating concentrations using ideal gas law, 963-964 
exothermic vs. endothermic, 373 
justifying reactors/separators operating at conditions of 
special concern, 152-154 
operating reactors and separators outside pressure range of 
special concern, 163 
reactor design for PFD synthesis, 373 
reactors operating at conditions of special concern, 154 
reasons for multiple reactors, 76 
Gas-solid reactor configuration, fluidized beds, 999—1004 
Gasifiers, modeling downward-flow/oxygen blown/entrained- 
flow 


major equipment summary, 1375 
overview of, 1371 
process description, 1371-1373 
reaction kinetics, 1373-1375 
references, 1377 
simulation (Aspen Plus) hints, 1375-1377 
stream table, 1374-1375 
Gate valves, controlling fluid flow, 705-706 
Gauss-Legendre method, as multistep integrator, 636 
Gear’s method, as multistep integrator, 636 
General duty clause, OSHA Act, 1126, 1135 
General expenses, cost of manufacturing, 214-218 
Generate step, process troubleshooting, 1069-1071 
Generic block flow diagrams (GBFDs) 
as intermediate step between process concept and PFD, 
63-65 
synthesizing PFD from. See Synthesis of PFD, from BFD 
Generic model control, advanced process control, 683 
Geometry of equipment, in dynamic simulation, 622-624 
Gibbs free energy 
calculating for electrolyte systems, 430, 445-447 
solids modeling and, 442 
“Gilbane Gold” video, ethics, 1118, 1121 
Glass, advantages/disadvantages of, 356 
Global optimum 
defined, 464 
finding, 468 
Globalization 
of chemical industry, 123-124 
steady-state simulation for competitive advantage, 562 
Globe valves, for regulation, 658, 705-706 
Grade-level, horizontal, in-line arrangement (plant layout), 34, 
36 
Grade-point average, choosing group members, 1182 
Graetz number, heat transfer coefficients for laminar flow, 
806-809 
Grammar checkers, imperfect for formal written work, 
1215—1216 
Grammar, written report guidelines, 1202—1203 
Graphical representations 
of flooding limit, 919, 929 
McCabe-Thiele diagram for distillation, 888-896 
packed columns, 902 
Graphics 
guidelines for oral presentations, 1211—1212 
mixing text visuals with, 1211 
using colors and exotic features in, 1217 
Graphs 
common mistakes in presentation, 1229 


corrected version for presentation, 1230 
in design reports, 1200 
report guidelines, 1206—1207 
Grassroots (green field), vs. total module costs, 201-203 
Gravity, L-L separation, 1044—1047 
Green chemistry, 1163—1164 
Green engineering 
economics of pollution prevention, 1167—1168 
environmental fate of chemicals, 1160—1163 
environmental regulations, 1159—1160 
green chemistry, 1163—1164 
life cycle analysis in, 1168—1169 
overview of, 1159 
PFD analysis for pollution/environmental performance, 
1166—1167 
pollution prevention during process design, 1164—1166 
Gross profit margin, base costs in optimization, 471 
Groups 
assessing and improving effectiveness of, 1178—1180 
coordinated energy of, 1177—1178 
editing reports for consistency, 1203 
forming stage, 1184 
increased efficiency (synergy) of, 1176 
norming stage, 1185—1186 
organizational behaviors and strategies in, 1180—1184 
performing stage, 1186 
storming stage, 1184—1185 
team building from, 1186-1187 
teams as subsets of, 1175 
work environment in effective, 1177 
Groupthink, 1184 
Guide words, HAZOP, 1147 


H 
Hazard assessment, in Risk Management Plan, 1142 
Hazard Communication Standard (HazCom), 1136—1138 
Hazardous air pollutants (HAP), 1141 
Hazardous Substances Data Bank (HSDB), 1135 
Hazardous waste 
green chemistry minimizes, 1163—1164 
Resource Conservation and Recovery Act (RCRA), 1161 
source reduction minimizing, 1159—1160 
Hazardous Waste and Emergency Operations (HAZWOPER) 
rule, OSHA, 1142 
Hazards and operability study (HAZOP) 
identifying potential industry standards, 1133 
process hazards analysis technique, 1146—1147 
HCI absorber, process simulation, 402-403 
Headers, utility streams supplied via, 655 


Heads (end sections), pressure vessel design, 1022, 1023-1024 
Health, safety, and environment (HSE) 
accident statistics, 1132-1133 
chemical engineer’s role in, 1134 
Chemical Safety and Hazard Investigation Board, 1153 
Dow Chemical Hazards index, 1153 
Dow Fire & Explosion Index, 1147, 1150-1152 
fires and explosions, 1143-1145 
fugitive emissions, 1141 
glossary of acronyms for, 1154—1156 
Hazard and Operability Study (HAZOP), 1146-1149 
Hazard Communication Standard (HazCom), 1136—1138 
inherently safe design strategy, 1153-1154 
overview of, 1131 
planned emissions, EPA, 1140-1141 
pressure-relief systems, 1145 
Process Hazard Analysis (PHA), 1142, 1145-1146 
Registration, Evaluation, Authorization and Restriction of 
Chemicals (REACH), 1137 
risk assessment, 1131—1134 
Risk Management Plan (RMP), 1141-1142 
worse-case Scenarios, 1133—1134 
Health, safety, and environment (HSE), regulations and 
agencies 
EPA, 1140-1142 
Internet addresses for federal agencies, 1134 
list of acronyms for, 1154—1156 
nongovernmental organizations, 1143—1144 
OSHA and NIOSH, 1135-1140 
overview of, 1134-1135 
Process Safety Management (PSM), 1138-1140 
Heat 
exchanging between process streams, 679 
exchanging heat/work between process streams/utilities, 
676-678 
justifying operations outside temperature range for, 151-152 
Heat capacity 
building model of distillation column for electrolyte system, 
448 
gathering physical property data for PFD design, 371 
modeling electrolyte systems, 431-432 
simulation of, 416 
standard-state, 431 
Heat duty 
calculating for condensers/reboilers, 899, 924-925 
calculating using energy balance, 877, 885, 887 
Heat-exchanger network synthesis analysis and design 
(HENSAD) program, 540-541 
Heat-exchanger networks (HENs) 


composite enthalpy curves for systems without a pinch, 
524-525 

composite enthalpy curves to estimate heat-exchanger 
surface area, 525-529 

composite temperature-enthalpy diagram for, 523-524 

constructing cascade diagram, 514—516 

cost comparisons, 512—513 

design, 517-523 

formulating PFD for, 83 

mass-exchange networks vs., 541-542 

minimum approach temperature for, 513 

minimum number of heat exchangers for, 516—517 

pinch or pinch point in, 509-510 

temperature interval diagram for, 513—514 

Heat exchangers. See also Shell-and-tube (S-T) heat exchangers 

adjusting overall heat transfer coefficient for, 679 

analyzing conditions of special concern for, 164 

bare module and material factors for, 1267—1271 

capacities of process units in common usage, 356 

cocurrent flow, 773-775 

condensers/reboilers in distillation columns as, 923—924 

conditions of special concern for, 155-158 

countercurrent flow, 771-773 

design algorithm, 838-840 

design algorithm examples, 840-846 

design cumene production at new facility, 1432 

design equation for, 773 

design for pressure drop, 837-838 

dynamic models for, 625 

dynamic simulation of process, 627—630 

effectiveness charts, 861-864 

equipment cost data for, 1250 

exchanging heat between process streams and utilities, 
676-678 

heat transfer coefficients. See Heat transfer coefficients 

heuristics for, 362 

input for process simulation, 406—407 

nonlinear Q vs. T curves in, 776-777 

overall heat transfer coefficient varies with, 777-778 

performance problems and, 846-850 

physical property data for PFD synthesis, 371 

pressure factors for, 1265—1266 

purchase costs for, 1256 

streams with phase changes, 775-776 

Heat exchangers, equipment design 

baffles, 784—786 

fixed tubesheet/floating tubesheets, 783-784 

shell and tube partitions, 784 

shell-and-tube (S-T), 779-783 


shell-and-tube (S-T) heuristics, 788—789 
shell-side flow patterns, 785-788 
Heat exchangers, performance 
overview of, 846-847 
problems, 846-850 
problems, using worked examples, 850-859 
sizes of standard tubes in, 800, 802-803 
thermal conductivity and, 800-802 
in tray and packed towers, 933-934 
using ratios to determine, 847-850 
Heat flux, 813-816 
Heat integration 
designing heat-exchanger network using, 517-523 
minimum approach temperature for, 513 
minimum number of heat exchangers for, 516-517 
network design for, 510-513 
pollution prevention using, 1165 
temperature interval diagram for, 513—516 
Heat sensitivity, separation units for PFD synthesis, 376 
Heat transfer 
algorithms, and heat exchanger design for, 837-846 
baffles used in, 784—786 
in cocurrent heat exchangers, 773-775 
coefficients. See Heat transfer coefficients 
cost for hot circulating fluids in, 234 
in countercurrent heat exchangers, 771-773 
CSTR configurations for, 980-984 
equipment design. See Heat exchangers, equipment design 
extended surfaces for, 828—837 
fin effectiveness and, 864-866 
fixed tubesheets and floating tubesheets in, 783-784 
heat exchanger effectiveness charts and, 861-864 
heuristics for shell-and-tube exchanger designs, 788—789 
increasing allyl chloride production, 1384-1385 
increasing endothermic reactions in reactors, 984-986 
LMTD correction factors. See LMTD correction factors 
matching volume in S-T reactors and, 997-999 
nonlinear Q versus T Curves, 776-777 
overall heat transfer coefficients, 777-778, 798-800 
overview of, 771 
performance problem examples, 850-859 
performance problems and, 846-850 
role in reactor design, 990-991 
in streams with phase changes, 775-776 
Heat transfer coefficients. See also Overall heat transfer 
coefficient (U) 
adjusting for heat exchanger, 679 
boiling heat transfer for maximum heat flux in pool, 815-816 
boiling heat transfer for typical boiling curve, 813-815 


boiling heat transfer in film boiling, 822-824 
boiling heat transfer in forced convection, 817-822 
boiling heat transfer in nucleate (pool) boiling, 816-817 
calculating in nonisothermal PFRs, 992-993 
condensing heat transfer, 824—828 
flow inside tubes, 803-808 
flow outside of tubes (shell-side flow), 808-813 
for gases. See Extended surfaces 
performance problems for reactors, 1005 
regulation scheme for Cumene reactor, 684—685 
resistances due to fouling, 800-801, 803 
resistances in series, 798—800 
thermal conductivities of metals and tubes and, 800-803 
Heaters 
bare module cost for, 1270 
bare module factors for, 1271 
capacities of process units in, 356 
conditions of special concern for, 155-158 
equipment cost data for, 1250 
estimating utility costs from PFDs, 238—240 
material factors for, 1273 
pressure factors for, 1266 
purchase costs for, 1255 
Heating loops 
configurations for heat removal from CSTRs, 980-981 
incremental analysis of design oversight in, 306-307 
in maximum flow rate for Dowtherm A, 1085-1091 
Height equivalent to theoretical plate (HETP), calculating 
height of packed tower, 929-930 
“Henry’s Daughters” video, ethics, 1118, 1121 
Henry’s Law 
applying to model of distillation column for electrolyte 
system, 448 
calculating tray efficiency, 921-922 
estimating fate of chemicals in environment, 1163 
hybrid thermodynamic systems and, 423 
liquid-liquid separations, 878 
modeling aqueous electrolyte system, 437 
modeling electrolyte system, 430 
HENSAD (Heat-exchanger network synthesis analysis and 
design) program, 540-541 
HENSs. See Heat-exchanger networks (HENs) 
Heptenes production 
overview of, 1344-1345 
preliminary equipment summary, 1347-1350 
process description, 1351 
reaction kinetics, 1351, 1353 
references, 1352 
simulation (CHEMCAD) hints, 1352 


stream table, 1346 
utility summary table, 1350 
HETP (Height equivalent to theoretical plate), calculating 
height of packed tower, 929-930 
Heuristics 
benefits of experience in creating new, 349-351 
for compressors, fans, blowers, and vacuum pumps, 361 
for drivers and power recovery equipment, 358 
ethical. See Heuristics, ethical 
four characteristics of, 1103 
guidelines for applying, 351-355 
for heat exchangers, 362 
for liquid-liquid extraction, 365 
for packed towers (distillation and gas absorption), 364 
physical property-related, 355 
for pipe sizes in 3-D plot plan, 37-38 
for piping, 360 
for pressure and storage vessels, 359 
for process vessels (drums), 358 
for pumps, 360 
for reactors, 366 
for refrigeration and utility specifications, 367 
for S-T heat exchangers, 788-789 
shortcut methods and, 348-349 
for thermal insulation, 362 
for towers (distillation and gas absorption),, 363 
for tray towers (distillation and gas absorption), 364 
when to purify feed, 66-67 
Heuristics, ethical 
developing new, 1118 
duties and obligations, 1110 
ethical dilemmas and, 1117—1118 
for mobile truth, 1108 
moral autonomy of engineers, 1105 
reflection in action, 1107 
Hierarchy 
in conceptual process design, 55-56 
endothermic reactions in nonisothermal PFRs, 986 
exothermic reactions in nonisothermal PFRs, 984—986 
Histograms (bar charts) 
in design reports, 1200 
Monte-Carlo analysis for quantifying risk, 322 
HiTec molten salt, phthalic anhydride production, 1404, 1407, 
1414 
Holding-in-place method, intermediate storage, 108 
Horsepower, determining pump, 701-702, 713-714 
Hot circulating heat transfer fluids, utility costs for, 234 
Hot spots, reactor, 988—989 
Hourly wage, labor cost of manufacturing, 218—219 


HSDB (Hazardous Substances Data Bank), 1135 
HSE. See Health, safety, and environment (HSE) 
Human machine interface (HMI), OTS system, 43-45 
Hurdle rates, acceptable returns from investments, 298—299 
Hybrid systems, thermodynamic models, 423 
Hydraulic equations, MERSHQ for, 436-440 
Hydrogen 
determining profit margin, 68—69 
excess reactant in feed, 162—164 
tracing primary chemical pathways for, 140-142 
Hydrogen sulfide (H.S) 
conversion to elemental sulfur. See Claus unit design, 
converting H-S to elemental sulfur 
removal from syngas. See CO, and H.S removal from coal- 
derived syngas 


I 
Icons, identifying process equipment in PFDs, 16—17 
Ideal gas law 
for applications involving gas permeation, 883 
determining vapor density, 917, 931 
estimate concentrations in gas-phase reactions, 963-964 
learning for process calculation, 1105 
Ideas, in chemical product design, 124—125, 127-128 
IDLH (Immediately dangerous to life and health), air 
contaminant exposure, 1136 
IGCC (Integrated Gasification Combined Cycle) coal-fed power 
plant., 44 
Ignition energy, 1144 
IL (Instruction List), logic control, 680 
IMC-based tuning rule, process control, 642—643 
Immediately dangerous to life and health (IDLH), air 
contaminant exposure, 1136 
Immersive training simulator (ITS) 
linking with OTS systems, 46—48 
overview of, 45 
Impact analysis, in life cycle analysis, 1168 
Impeller, of centrifugal pumps 
overview of, 706—707 
performance analysis of fluid flow for, 744, 748-749 
Implement step, in troubleshooting, 1068—1071 
Implicit Euler method, dynamic simulation, 635 
Implicit methods, dynamic simulation, 635 
Improvement analysis, in life cycle analysis, 1168 
Impurities, considering when to purify the feed, 66-67 
In-process recycle, Pollution Prevention Act of 1990, 1160 
Incidence rate, OSHA accident statistics, 1132-1133 
“Incident at Morales” video, ethics, 1118, 1121 
Incompressible flow 


in packed beds, 711 
in single-pipe systems, 712—719 
Incremental economic analysis 
comparing large projects in, 295-297 
discounted methods in, 308-309 
nondiscounted methods in, 305-308 
objective functions in optimization, 470 
retrofitting facilities using, 305-309 
Incremental net present value (INPV), in incremental analysis, 
308-309 
Incremental payback period (IPBP), in incremental analysis, 
305-308 
Inequality constraints, in optimization, 464 
Inerts, recycling, 76-77 
Inflation 
cost estimate classifications for, 172 
effect of time on purchased equipment cost, 179—180 
estimating plant costs based on capacity, 206-208 
using CEPCI to account for changes due to, 183-184 
Information 
determining from input/output process diagram, 68-69 
needed in PFD synthesis, 370-371 
Information flags 
adding stream information to PFD with, 21-23 
formulating PFD for, 83 
guidelines for data on, 23-26 
Information (input data), for simulators 
case study, 426—428 
chemical component selection, 401 
common errors, 412—413 
convergence criteria selection, 411-412 
equipment parameter selection, 405—411 
feed stream property selection, 404—405 
flowsheet topology selection, 404 
physical property model selection, 401-404 
Informative executive summaries, 1198—1199 
Initialization step, dynamic simulation, 634 
Inlet pressure, performance analysis of pumps using NPSH, 741 
Input devices, Ladder Diagram (LD), 680—681 
Input/output structure 
feed purity/trace components in, 66-67 
feeds to stabilize/separate products, 67 
formulating preliminary process flow diagram, 79-80 
in generic block flow diagrams, 63-65 
inert feeds to control equilibrium reactions, 67-68 
inert feeds to control exothermic reactions, 67 
information determined by, 68—69 
in process concept diagrams, 60—61 
in process flow diagrams, 61—63 


solving troubleshooting problems, 1069—1071 
troubleshooting/debottlenecking, 1066—1067 
troubleshooting packed-bed absorber, 1072—1074 
Input variables (or inputs) 
in dynamic simulation, 617 
in steady-state simulation, 619-622 
INPV (Incremental net present value), in incremental analysis, 
308-309 
Instruction List (IL), logic control, 680 
Instruments, constructing P&IDs, 27-30 
Integrated Gasification Combined Cycle (IGCC) coal-fed power 
plant., 44 
Integrated Risk Information System (IRIS), for chemical 
hazards, 1135 
Integrator algorithms, dynamic simulation, 635-639 
Intensification, of not using hazardous materials, 1153 
Intention, HAZOP use of, 1147 
Interactions, group friction from uncomfortable, 1181 
Interest rate criterion 
discounted profitability, 293-295 
evaluating profitability, 288 
nondiscounted profitability in project evaluation, 288—291 
Interest rates 
affecting supply and demand curves, 313 
calculations from cash flow diagrams, 259-260 
changing over time, 253 
determining for annuity, 261-265 
in discrete cash flow diagram, 256-258 
time basis for compound interest calculations, 254-255 
type of, 251-253 
Intermediate storage, for batch processes, 108—110 
Internal devices, Ladder Diagram (LD), 680—681 
Internal model control, 683 
International chemical safety card, for hazardous materials, 
1136 
Internet addresses 
citing material from, 1200 
for federal agencies, 1134-1135 
Introduction, written report 
example, 1231 
guidelines for, 1204 
improving, 1233 
Inventory, product 
changing during single-product campaign run, 107 
in life cycle analysis, 1168 
Investments 
cumulative cash flow diagram for, 258—259 
defined, 249 
depreciation of capital, 268-274 


discrete cash flow diagram for, 256—258 
and time value of money, 248—251 
Investors 
defined, 249 
discrete cash flow diagram for, 256—258 
Ionic reactions, in electrolyte systems 
chemical equilibrium, 432 
modeling aqueous electrolyte system, 435-440 
modeling distillation column, 447, 449 
IPBP (Incremental payback period), in incremental analysis, 
305-308 
IRIS (Integrated Risk Information System), for chemical 
hazards, 1135 
Isentropic work in compressors, 750-752 
Isopropyl alcohol. See Acetone production from isopropyl 
alcohol 
Isopropyl benzene. See Cumene 
Isothermal flow, friction factors, 719—721 
Isothermal work, in compressors, 750-752 
Iterations, creating multiple report, 1196 
ITS (Immersive training simulator) 
linking with OTS systems, 46-48 
overview of, 45 


J 

Jacobian matrix 
applying to thermodynamic properties, 563 
Broyden’s method and, 582 
defined, 564 
direct substitution and, 578 
equation-oriented (EO) approach and, 585 
Newton’s method and, 589-592 
Wegstein’s method and, 579-580 

Jobshop plants, batch processing in, 103-106 

Just-in-time (JIT) manufacturing, inherently safe design, 1153 


K 
K-factor. See Phase equilibrium 
Kern’s method 
estimating shell-side heat transfer, 809-811 
Kern’s method for shell-side heat transfer, 811-813 
Kinetic reactors 
CSTR and plug flow reactors as, 408 
data in PFD synthesis, 370—371 
designing, 372 
justifying conditions of special concern in reactors using 
PFD, 159-162 
Kinetics 
developing user kinetic models, 568-571 
of mechanical energy balance in piping systems, 700-703 


reaction kinetics, 159—164, 370-371, 405 
reactor design and, 962-964 
resource materials for, 84 
Knockout drums (phase separators) 
compressors and, 708 
conditions of special concern for, 164 
L-L separation, 1044-1049 
mist eliminators and other internals, 1036-1044 
purpose of, 1015, 1024 
as separation equipment, 911 
V-L separation, 1025-1028 
V-L separation design, horizontal, 1032-1035 
V-L separation design, vertical, 1029-1032 
Knowledge level, Bloom’s Taxonomy, 3 
Kremser equation, for dilute solutions, 905-911 


L 
L-aspartic acid. See L-phenylalanine and L-aspartic acid, batch 
production 
L-H (Langmuir-Hinshelwood) kinetics 
basic form of, 962-964 
simulating reactions with kinetic reactors, 408 
L-L. See Liquid-liquid (L-L) separation 
L-L-V separators, 1046, 1048—1049 
L-phenylalanine and L-aspartic acid, batch production 
overview of, 1323 
process description, 1323 
process flow diagram, 1324 
reaction kinetics, 1325-1329 
references, 1229 
Labor costs 
affecting supply and demand curves, 313 
in cost of manufacturing, 214—217 
in manufacturing cost estimates, 218—219 
Labor needs, deciding on continuous vs. batch processes, 58 
Ladder Diagrams (LDs), logic control, 680—682 
Land, cannot be depreciated, 269 
Lang Factor method, estimating plant cost, 184 
Langmuir-Hinshelwood (L-H) kinetics 
basic form of, 962-964 
simulating reactions with kinetic reactors, 408 
Large projects, incremental economic analysis for, 295-297 
Large temperature driving force, in exchanger, 988-989 
Latent heat, 892-893 
Lattice search, vs. response surface techniques, 489 
Laws 
legal liability of chemical engineers, 1125-1126 
protecting whistle-blowers, 1115 
LCA (Life cycle analysis), in green engineering, 1168—1169 


LDs (Ladder Diagrams), logic control, 680—682 
Le Chatelier’s principle, for equilibrium reaction, 965 
Leaching, as solid-liquid separation, 876 
Leadership, group, 1181-1182, 1184 
Leading Self-Directed Work Teams (Fisher), 1191 
Leaking equipment 
makeup water in steam production due to, 228 
minimizing pollution from, 1166 
Learning, in teams, 1182, 1189—1190 
Legal liability, of chemical engineers, 1125—1126 
Leidenfrost point, heat transfer for pool boiling curve, 814 
LEL (lower explosive limit), 1144 
Letter of transmittal, report format, 1203 
LFL (lower flammability limit), 1144 
Liability, pollution prevention economics and future, 1168 
Licensed professional chemical engineer 
engineerin-training (EIT), 1122—1124 
Principles and Practice (PE) exam, 1124—1125 
professional registration, 1121—1122 
reasons to become, 1121—1122 
Life cycle analysis (LCA), in green engineering, 1168—1169 
Life of equipment, depreciation and, 269 
Linear equation solvers, 637—639 
Linear programming, 464 
Linear quadratic control (LQC), 683 
Linear valves, in flowrate control, 658 
Linking ITS with OTS, 46-48 
Liquid level, measuring process variables, 662 
Liquid-liquid equilibrium (LLE) 
building model of distillation column for electrolyte system, 
448 
hybrid systems and, 423 
liquid-state activity-coefficient models, 419-423 
thermodynamic model solver, 399 
Liquid-liquid (L-L) separation 
energy balances, 877 
heuristics for liquid-liquid extraction, 365 
input for process simulation, 411 
with knockout drums, 1044-1048 
two-film model for, 879-880 
using mass separating agents, 903 
Liquid-liquid-vapor (L-L-V) separators, 1046, 1048—1049 
Liquid-phase reactions, CSTRs used for, 980-984 
Liquid-solid reactor configurations, fluidized beds, 999-1004 
Liquid-state activity-coefficient models 
hybrid systems and, 423 
overview of, 419-423 
phase equilibrium model, 419-422 
Liquids, pumps used to transport, 706 


LLE. See Liquid-liquid equilibrium (LLE) 
LMTD correction factors 
background, 789-790 
for cross-flow exchangers, 797 
for flash separators and storage vessels, 630—632 
heat-exchanger effectiveness charts, 861-864 
for linear/nonlinear equation solvers, 639 
for multiple S-T-pass exchangers, 793-797 
and phase changes, 797-798 
simulation errors, 413 
for single-pass, double-tube pass (1-2) exchanger, 790-793 
for utility heaters/coolers, 626—627 
LMTD (log-mean temperature difference) 
for cocurrent vs. countercurrent flow, 774-775 
in countercurrent flow, 773 
nonlinear Q vs. T curves and, 776—777 
streams with phase changes, 775-776 
Loading, as precursor to flooding, 915 
Local optimum, defined, 464 
Local truncation error (LTE), in dynamic simulation, 636-637 
Log-mean temperature correction factor (F) 
for all exchangers, 529-534 
for design away from pinch, 521 
Log-mean temperature difference. See LMTD (log-mean 
temperature difference) 
Logic control, in control system design, 680—682 
Logic ladder diagrams, 32 
Longitudinal pin fin constant thickness, 829 
Loss control credit factors, Dow Fire & Explosion Index, 
1151-1152 
Low-alloy steels, materials of construction, 194—197 
Lower explosive limit (LEL), 1144 
Lower flammability limit (LFL), 1144 
Lower-level controllers, as SISO controllers, 640 
LQC (linear quadratic control), 683 
LSSQP approach, to steady-state simulations, 588-589 
LTE (local truncation error), in dynamic simulation, 636—637 
Lumped-parameter models, 625 


M 
MAC (model algorithmic control), 683 
Mackay Level III model, 1166-1167 
MACRS (modified accelerated cost recovery system) 
depreciation allowances current federal tax law based on, 
273-274 
designing new cumene production facility, 1430, 1432 
profitability criteria for project evaluation, 289 
report-writing case study, 1222 
Maintenance 


selecting continuous vs. batch processes, 58 
training operators/engineers in virtual plants, 48 
Major equipment summary, in product design 
Claus unit design converting H.S, 1367—1368 
CO, and H.S removal from coal-derived syngas, 1361—1362 
dimethyl] ether (DME) production, 1281-1282 
downward-flow, oxygen blown, entrained-flow gasifiers, 1375 
drying oil (DO) production, 1304-1305 
ethylbenzene (EB) production, 1289-1291 
ethylene oxide production, 1315-1316 
formalin production, 1321—1323 
heptenes production, 1347—1350 
maleic anhydride production from benzene, 1309-1310 
styrene production, 1297—1298 
water-gas shift reactor design for conversion to COs, 1355 
Maleic anhydride production from benzene 
case study. See Report-writing case study 
major equipment summary, 1309—1310 
making it greener, 1171 
process description, 1305-1306 
process flow diagram, 1307 
reaction kinetics, 1306 
simulation (CHEMCAD) hints, 1311 
stream table, 1308 
utility summary table, 1309 
Manipulated variables (MVs) 
defined, 617 
in process control, 640 
setting up dynamic simulation, 626 
in split-range control system, 671-673 
Manometers, measuring flowrate, 731-734 
Manufacturing 
in chemical product design, 124-125, 130-131 
statistical process control in, 682 
Manufacturing cost estimates 
estimating utility costs from PFDs, 238—240 
expressed in units of dollars per unit time, 213 
factors affecting COM for chemical product, 213—218 
operating labor costs, 218—219 
overview of, 213 
sensitivity analysis for quantifying risk, 316-318 
in single-variable optimization, 480 
taxation, cash flow, profit and, 275 
treating liquid/solid waste streams, 240-241 
utility costs for cooling water tower, 221, 223-225 
utility costs for off-site plants with multiple units, 222-223 
utility costs for refrigeration, 225-228 
utility costs for steam production, 228-234 


yearly costs and stream factors, 237—238 
Margins. See Profit margins 
Margules equation, in solids modeling, 441-442 
Marketing department, data for PFD synthesis, 370 
Markets 
batch optimization and, 491 
supply and demand in chemical, 311-314 
Marshall and Swift Equipment Cost Index, inflationary trends, 
179-181 
Mass balance 
fluid flow in piping systems, 698—699 
reactors and, 970-971 
relationships in separations, 876-877 
Mass-exchange networks (MENs) 
analyzing PFD for pollution/environmental performance, 
1166—1167 
applying pinch technology to, 541-549 
heat-exchanger networks (HENS) vs., 541-542 
pinch or pinch point in, 509-510 
Mass separating agents 
defined, 876 
in mass balances, 877 
McCabe-Thiele method for, 903-905 
Mass, sizing pressure vessels, 1023—1024 
Mass transfer relationships 
continuous differential model for, 878—879 
obtaining height of packed column, 929 
reactors and, 965-969 
transfer units in, 880-881 
two-film model for, 879-880 
Matching volume/heat transfer area 
calculating in nonisothermal PFRs, 997—999 
in nonisothermal plug flow reactors, 999-1004 
Material balance 
McCabe-Thiele method for distillation, 890-892 
and two-film model in distillation column, 902 
Material balance, energy balance, rate equations, hydraulic 
equations, and equilibrium (MERSHQ) equations, 
436-440 
Material balance, phase equilibrium, summation equations, and 
enthalpy balance (MESH) equations, 435-440 
Material balance, phase equilibrium, summation equations, and 
enthalpy balance (MESH) equations, 435-440 
Material factors 
Dow Fire & Explosion Index, 1152 
estimating plant cost for MOCs, 197 
for heat exchangers, process vessels and pumps, 1267—1271 
for other equipment, 1272-1274 
Material safety data sheets (MSDS), HazCom, 1136 


Materials of construction (MOCs) 
advantages/disadvantages of, 357 
bare module and material factors for, 1267—1271 
bare module equipment costs, 188—192 
bare module factor and costs, 199-201 
corrosion allowance for pressure vessels, 1022 
corrosion characteristics of some, 1019—1020 
in estimating capital costs, 194—199 
estimating grassroots vs. total module costs, 201-203 
estimating heat-exchanger network costs, 536-539 
estimating purchased equipment costs, 175 
for L-L separation, 1046-1047 
in life cycle analysis, 1168 
module costing technique, 185 
sizing pressure vessels, 1023-1024 
Maximum likelihood criterion, thermodynamic models, 602 
MBTI (Myers-Briggs Type Indicator), choosing group members, 
1182 
McCabe-Thiele method 
for binary azeotropic distillation, 379-381 
determining column diameter, 916-920 
for distillation, 888—901 
for mass separating agents, 903—905 
overview of, 888 
for packed columns, 901-902 
vs. triangular diagrams for ternary azeotropic distillation, 
382-383 
McMaster five-step strategy, 1106—1107 
McMaster Problem Solving (MPS) program, 1191 
Measurement, of process variables, 662-663 
Mechanical energy balance 
analyzing base-case ratio of equipment, 738-739 
calculating frictional losses, 709—711 
fluid flow in piping systems, 700-703 
friction factors in compressible flow, 719-720 
friction factors in incompressible flow, 712-719 
performance analysis of pumps using NPSH, 741-743 
Mechanical flow diagram (MFD). See Piping and 
instrumentation diagrams (P&IDs) 
Melting point, impacting environment fate of chemicals, 1163 
Membrane separation 
in gas permeation, 947—950 
rate expressions for, 882-883 
recycling raw materials, 72 
Memory matrix (or categorizing grid), in outcomes assessment, 
4 
Memos, for written communications, 1198 
MENS. See Mass-exchange networks (MENs) 
MESH (material balance, phase equilibrium, summation 


equations, and enthalpy balance) equations, 435-440 

Metals 

in pressure vessel construction, 1016—1018, 1023-1024 

thermal conductivities of heat exchanger, 800-801 
Methane 

determining profit margin, 68—69 

excess reactant in feed, 162-164 

input/output structure of PFD, 61-63 

limitations of tracing chemical pathways in PFDs, 145-146 

producing with toluene and hydrogen, 11 

tracing primary chemical pathways for, 141-142 
Method of lines, in dynamic simulation, 632 
MFD (mechanical flow diagram). See Piping and 
instrumentation diagrams (P&IDs) 
Microeconomic theory, changes in supply and demand, 311 
Mine Safety and Health Administration (MSHA), 1135 
Minimum fluidization velocity, in fluidized beds, 728—730 
Minimum Gibbs free energy equilibrium reactor, 408 
Minimum number of exchangers (MUMNE) 


constructing cascade diagram, 514—516 
constructing heat-exchanger network (HEN), 517-523 
handling streams with phase changes, 539-540 
HENSAD program addressing, 540-541 
for mass-exchange networks (MENs), 510, 542-544, 548 
minimum approach temperature, 513 
minimum number of heat exchangers, 516-517 
overview of, 512 
pollution prevention design and, 1165 
temperature interval diagram, 513-514 
Minimum temperature approach, using MUMNE for HENs, 
513, 524, 527-529, 535-536 
MINLP (mixed-integer nonlinear programming), 464 
Minutes from design meetings, 1199 
Mission, in group formation, 1184 


Mist eliminators 
Droplet distribution/separation efficiency from, 1040—1044 
flooding in, 1038—1040 
in V-L separation, 1036—1037 
Mixed-integer nonlinear programming (MINLP), 464 
Mixer-settlers, extraction equipment, 943, 946 
Mixers 
bare module factors for, 1274 
conditions of special concern for, 155-158 
equipment cost data for, 1250-1251 
input for process simulation, 407 
purchase costs for, 1262 
tracing chemical pathways in PFDs, 135-136 
Mixing drums, as separation equipment, 912 
Mob effect, organizational behavior, 1183-1184 


Mobile truth, ethical decision-making and, 1107—1108, 
1183-1184 

MOCs. See Materials of construction (MOCs) 

Model algorithmic control (MAC), 683 

Model-based controls, advanced process control, 683 
Model Predictive Control (MPC), 683 

Modeling techniques, in steady-state simulation, 562 
Models 

electrolyte systems. See Electrolyte systems modeling 


gas permeation membranes, 949-950 
reactor, 972-980 
of reactors, 1001—1002 
Modified accelerated cost recovery system. See MACRS 
(modified accelerated cost recovery system) depreciation 
allowances 
Modular approach 
sequencing batch operations, 60 
solution of DAE in dynamic simulation, 634 
Modular method, solutions to DAE systems, 634 
Module costing technique 
bare module equipment costs at base conditions, 186—189 
bare module equipment costs at nonbase conditions, 
189-194 
calculating bare module costs, 199-201 
grassroots and total module costs, 201-203 
materials of construction (MOCs) and, 194-199 
overview of, 185 
Molal (constant molar) overflow, in binary distillation, 890, 893 
Molar volume, modeling electrolyte systems, 432, 448 
Money, investments and time value of, 248-251 
Monte-Carlo (M-C) method 
CAPCOST program applying, 325 
evaluating risks of new technology, 324-325 
factoring into economic analysis, 1168 
for quantifying risk, 321-324 
Moody diagram, friction factors, 709 
Moody plot, defined, 709 
Moral autonomy 
developing. See Ethics and professionalism 
in making ethical decisions, 1105 
whistle-blowers and, 1115 
Mother liquor, recycling raw materials in batch processing, 97 
Motivation, friction in groups from low, 1180—1181 
MPC (Model Predictive Control), 683 
MSDS (material safety data sheets), HazCom, 1136 
MSHA (Mine Safety and Health Administration), 1135 
Multiproduct batch processes 


design of equipment for, 111—112 
flowshop plants for, 101-103 


intermediate storage, 108—110 

jobshop plants, 103—106 

parallel process units, 110—111 
Multistage steam ejectors, 1054-1057 
Multistep methods, numerical integrator methods, 636 
MUMNE. See Minimum number of exchangers (MUMNE) 
Murphree efficiencies, calculating tray efficiency, 920 
MvVs. See Manipulated variables (MVs) 
Myers-Briggs Type Indicator (MBTI), choosing group members, 
1182 


N 
NAAQS (National Ambient Air Quality Standards), 1140 
NAFTA (North American Free Trade Agreement) Ethics, 1119 
Napthalene, producing phthalic anhydride from, 1402-1404 
NASA (National Aeronautics and Space Administration) library 
website, 1191 

National Aeronautics and Space Administration (NASA) library 
website, 1191 

National Ambient Air Quality Standards (NAAQS), 1140 
National Council of Examiners for Engineering and Surveying 
(NCEES), 1122-1124 

National Institute for Engineering Ethics (NIEE), 1118-1119 
National Institute for Occupational Safety and Health (NIOSH) 
air contaminants standard, 1135—1136 


health/safety information for employees/employers, 1135 
National Response Center, EPA, 1141 
National Society of Professional Engineers (NSPE) 
code of ethics, 1113-1114 
overview of, 1119, 1121 
on whistle-blowing, 1115—1117 
Nationally Recognized Testing Laboratory (NRTL) 
calculating Gibbs free energy for electrolyte systems, 430 
liquid-state activity-coefficient models, 419-422 
Natural gas 
cost of, 219-220 
as fuel of choice for this text, 220-221 
utility costs for, 234 
Natural resources, green engineering and, 1159 
NCEES (National Council of Examiners for Engineering and 
Surveying), 1122—1124 
Needs analysis, in chemical product design, 124-127 
Net positive suction head (NPSH) 
heuristics for pumps, 360 
pump performance and, 739-743 
pump-system curves and, 744 
reasons for elevating equipment, 41 
safe pump performance and, 739-743 
tray spacing, flooding and, 915 


troubleshooting cumene process feed section, 1075 
troubleshooting cumene production facility, 1423-1424 
Net present value (NPV) 
comparing large projects, 296-298 
discounted profitability criteria for, 291-295 
modeling objective functions for, 470, 488—489 
new facility design for allyl chloride production, 1395 
optimizing flowsheet using before-tax, 597—600 
in parametric optimization, 480-484, 487 
profitability of equipment for, 299-300, 304 
quantifying risk, 314-318 
quantifying risk for, 321-324 
Net present worth (NPW), 291-293 
New Source Performance Standards (NSPS), 1140 
Newton’s method 
equation-oriented (EO) approach and, 585-586 
modeling distillation column for electrolyte system, 450 
performance for tear stream convergence, 583 
steady-state simulation algorithms, 579-585 
NGOs (nongovernmental organizations), 1134 
Nickel and its alloys, materials of construction (MOCs), 194-197 
NIEE (National Institute for Engineering Ethics), 1118—1119 
NIOSH (National Institute for Occupational Safety and Health) 
air contaminants standard, 1135—1136 
health/safety information for employees/employers, 1135 
NIOSH Pocket Guide to Chemical Hazards, 1135 
Nitrogen, alternative schemes for compression of, 156 
Nominal annual interest rate, 254 
Non-stoichiometric feed conditions 
justifying conditions of special concern in PCM, 161-163 
reasons for operating at conditions of special concern, 154 
Nondiscounted methods, incremental analysis, 305-308 
Nondiscounted profitability criteria, 287—291 
Nonequilibrium-stage modeling, MERSHQ in, 436—440 
Nonfeasible distillation processes, ternary azeotropic 
distillation, 386 
Nonferrous alloys, estimating plant cost, 194—197 
Nongovernmental organizations (NGOs), 1134 


Nonisothermal conditions, equipment design 
fluidized bed reactors. See Fluidized bed reactors 
nonisothermal CSTRs, 980-984 

Nonisothermal continuous stirred tank reactors (CSTRs) 
overview of, 980-984 
performance problems, 1004—1006 

Nonisothermal plug flow reactors (PFRs) 

cooling medium, 991 

examples, 993-997 

hierarchies for exothermic/endothermic reactions, 984-986 

matching volume and heat transfer area, 997-999 


overall heat transfer coefficient, 992-993 

performance problems, 1004—1006 

pressure of process gas, 992 

reactor concentration and temperature profiles, 987-989 

role of heat transfer in reactor design, 990-991 
Nonlinear equation solvers, in dynamic simulation, 637-639 
Nonlinear-programming (NLP) 

in optimization, 464 

in steady-state simulation, 590 
Nonlinear Q versus T Curves, in heat exchanger relationships, 
776-777 
Nonoverlapping operations, in batch processing, 98—99 
Nonprofessional responsibilities, ethical problem-solving, 
1108—1110 
Nonreacting chemicals, tracing, 145 
Norming stage, in group evolution, 1185—1186 
North American Free Trade Agreement (NAFTA) Ethics, 1119 
Notation 


S-T heat exchanger, 781 
in tables, 1217 
Notes, oral presentation guidelines, 1214 
Nozzles 
calculating discharge velocity, 702-703 
measuring flowrate with, 731, 735 
for pressure vessel design, 1023 
for single-stage steam ejectors, 1051—1052 
sizing pressure vessels and, 1023-1024 
NPSH. See Net positive suction head (NPSH) 
NPV. See Net present value (NPV) 
NPW (net present worth), 291-293 
NRTL (Non Random Two Liquid)) 
calculating Gibbs free energy for electrolyte systems, 430 
liquid-state activity-coefficient models, 419-422 
NSPE. See National Society of Professional Engineers (NSPE) 
NSPS (New Source Performance Standards), EPA, 1140 
Nucleate boiling, 813 
Numbers 
for figures and tables in reports, 1206 
guidelines for equations in reports, 1207—1208 
identifying process equipment in PFDs, 16—17 
Nusselt number 
analysis of falling-film condensation, 824-825 
falling-film condensation on cylinders, 825-828 
heat transfer coefficients for laminar flow in tubes, 807—809 


heat transfer coefficients for turbulent flow in tubes, 
804-806 


O 
Objective function 


base cost analysis in optimization, 471 
calculating base case using, 469—470 
defined, 464 
in easy vs. difficult optimization problems, 468 
effect of topological change on parametric optimization, 
475-476 
identifying and prioritizing key decision variables, 471—472 
optimization and, 470—471 
optimizing flowsheet, 590-592 
optimizing flowsheet using, 597—600 
sensitivity to changes in decision variables, 487—489 
in single-variable optimization, 480 
OBL (outside battery limits), estimating plant costs, 206—208 
Obligations, in ethical problem-solving, 1110 
Occupational Safety and Health Administration (OSHA) 
air contaminants standard, 1135—1136 
HAZWOPER rule, 1135-1136 
health and safety risk assessment, 1135 
incidence rate statistics, 1132—1133 
legal liability of chemical engineers, 1126 
process safety management (PSM), 1138—1140, 1142 
Octanol-water partition coefficient, 1162 
ODEs (Ordinary differential equations), in dynamic simulation, 
632, 634 
Off-site recycle, Pollution Prevention Act of 1990, 1160 
On-site recycle, Pollution Prevention Act of 1990, 1160 
One-shot rising (OSR) internal device, Ladder Diagram (LD), 
681 
Open-cup method, measuring flash point of liquid, 1144 
Open-loop (OL) response, dynamic simulation and, 639-640, 
642-643 
Operating conditions 
changes during parametric optimization, 484 
decision variables in parametric optimization, 479 
Operating costs 
data for optimization base case, 470 
discounted methods for incremental analysis, 309 
evaluating equipment using EAOC method, 302-305 
evaluating equipment with different expected operating lives, 
300-302 
evaluating equipment with same expected operating lives, 
299-300 
evaluating profitability of new project, 286 
Operating labor costs 
in formula for COM, 214-217 
in manufacturing cost estimation, 218—219 
Operator training simulator (OTS) 
building, 43-45 
linking with ITS systems, 46—48 


regulating and controlling chemical processes, 683—688 
training control room operators, 688—689 
Operators 
estimating labor cost of manufacturing, 218—219 
operator training simulators (OTS), 43—48 
P&IDs used for training, 31 
Optimal control, in advanced process control, 683 
Optimization 
background information on, 463-464 
base case approach to, 469—470 
base cost analysis, 471 
batch systems and, 490-494 
batch systems and optimum cycle time, 495-497 
communicating results of, 468—469 
early identification of alternatives in, 477—480 
equation-oriented (EO) approach using, 586 
estimating problem difficulty, 467—468 
flexibility and sensitivity of the optimum, 489-490 
flowsheet optimization using decision variables, 484—489 
identifying and prioritizing decision variables, 471-472 
lattice search, response surface, and mathematical 
optimization techniques, 489 
misconceptions in, 465-467 
modeling objective function in terms of decision variables, 
488-489 
objective functions in, 470—471 
parametric. See Parametric optimization 
problem-solving 20,000-metric-tons-per-year facility for 
allyl chloride production, 1395 
scheduling equipment for batch processes, 490-494 
selecting objective function for, 464 
sensitivity of objective function to changes in decision 
variables, 487 
single-variable example, 480—481 
steady-state simulation and, 589-592 
steady-state simulation examples, 593—600 
strategies for, 469—472 
terminology used in, 464 
top-down and bottom-up strategies, 468 
topological optimization, 473—479 
two-variable example, 481—484 
Oral communication 
audience analysis and, 1196 
briefings, 1211 
formal presentations, 1210-1211 
software and author responsibility, 1215—1218 
techniques for, 1209—1210 
visual aids, 1211-1212 
WVU and Auburn University guidelines, 1212-1214 


Order-of-Magnitude, capital cost estimates, 172—174 
Ordinary differential equations (ODEs), in dynamic simulation, 
632, 634 
Organizational behaviors, in groups, 1176, 1180-1184 
Organizational structure, of group, 1182 
Orifice, flowrate measurement, 731-735 
OSHA. See Occupational Safety and Health Administration 
(OSHA) 
OSR (One-shot rising) internal device, Ladder Diagram (LD), 
681 
OTS. See Operator training simulator (OTS) 
Outcomes assessment 
by faculty, 4-6 
overview of, 1-2 
results of, 1 
student self-assessment, 2—4 
summary, 6 
Outline, oral presentation guidelines, 1212 
Output devices (or coils), Ladder Diagram (LD), 680 
Output display options, selecting for simulation, 411 
Output variables (or outputs) 
in dynamic simulation, 617 
equipment geometry/size for dynamic simulation, 622—624 
Outside battery limits (OBL), estimating plant costs, 206—208 
Overall conversion 
efficiency of use of raw materials, 70—71 
of reactant, 965 
Overall heat transfer coefficient (U) 
equipment parameters in process simulation, 405 
exchanging heat between streams and utilities, 678 
in feed-forward control example, 667 
in fluidized-bed reactor design, 1388 
in heat transfer, 679 
process control exercise using, 645-646 
in reaction kinetics, 1306 
reactor performance problems, 1005 
for reactors, 992—997 
resistances, 798-800 
using dynamic simulators in design, 638 
variance within heat-exchanger, 777-778 
Overlapping operations, in batch processing, 100-103 
Overreliance on team members, 1189 


P 

P-only (proportional-only) controllers, dynamic simulation, 640 

Packed-bed absorber, troubleshooting, 1071—1074 

Packed bed-absorber, troubleshooting case study, 1071-1074 

Packed columns, McCabe-Thiele distillation method for, 
901-902 


Packed towers 
choosing tray towers vs., 933 
obtaining height and diameter of, 929-931 
packing types and shapes, 928 
performance problems, 933-934 
pressure drop in, 931-933 
vapor-liquid separation using, 926-927 
Packing 
bare module cost for, 1270 
bare module factors for, 1271 
equipment cost data for, 1251 
material factors for, 1273 
pressure factors for, 1266 
purchase costs for, 1257 
Paper-and-pencil studies, capital cost estimates as, 174 
PAR analysis, creating new heuristics, 349-351 
Parallel plate settlers, L-L separation, 1046—1047 
Parallel process units, increasing production, 110—111 
Parallel reactions, reaction kinetics and, 977—980 
Parameters 
modeling distillation column for electrolyte system, 447—448 
modeling solids, 442-444 
Monte-Carlo analysis for quantifying risk, 321-324 
Parametric optimization 
flowsheet optimization using decision variables, 484—487 
overview of, 479 
single-variable example of, 480—481 
two-variable example of, 481—484 
Pareto analysis, of base costs in optimization, 471 
Partial differential equations (PDEs), 632 
Partitions 
adjusting in heat exchanger for each phase, 679 
in S-T heat exchangers, 784-785 
in sequential modular approach, 572-578 
Passive voice, for written design reports, 1202 
Pattern search, parametric optimization, 489 
Pavlov equation, frictional losses, 710 
Payback period (PBP) 
discounted payback period (DPBP), 291-293 
incremental payback period (IPBP), 305-308 
time-related criteria in project evaluation, 287—291 
PCM (Process conditions matrix), conditions of special concern, 
158-164 
PDEs (partial differential equations), 632 
PDMS software, from CadCentre, 41 
PE (Principles and Practice) exam, 1124-1125 
PEL (Permissible exposure limits), OSHA air contaminants 
standard, 1135 
Peng-Robinson (PR) fugacity model, 417—418 


Performance 
fluid flow. See Fluid flow equipment, performance 
fluid mechanics. See Fluid mechanics 
heat exchangers. See Heat exchangers, performance 
heat transfer and. See Heat transfer 
knockout drums. See Knockout drums (phase separators) 
of Model Predictive Control (MPC) applications, 683 
packed and tray towers, 933-934 
PID controller, 640-641 
pinch technology and, 510 
pressure vessels. See Pressure vessels 
process variables regulating, 662-663 
reactor, 1003—1006 
steam ejectors. See Steam ejectors 
updating PFD to reflect changes in, 26 
Permissible exposure limits (PEL), OSHA air contaminants 
standard, 1135 
Personal income, ways to distribute, 248-251 
PERT (program evaluation and review technique), group 
scheduling, 1185 
Pervaporation, for purification of ethanol, 380-381 
Pesticides, environmental law for, 1161 
PHA (Process Hazard Analysis), 1145-1146 
Phase changes 
heat exchangers with stream, 775-776 
LMTD correction and, 797-798 
Phase equilibrium 
binary interaction parameters (BIPs) in, 417—418 
choosing model for, 416—417 
dynamic simulation setup, 621 
equations of state in, 417—418 
flash units and, 408 
liquid-state activity-coefficient models and, 419-423 
MESH used in, 435-440 
physical property data for PFD design, 371 
unit operation calculations, 563 
using thermodynamic models, 425 
Phase separators. See Knockout drums (phase separators) 
Phenol, production of, 1417 
Phenomenological reactor models, 1001 
Phthalic anhydride production, at new facility, 1412—1416 
Phthalic anhydride production, scaling down 
assignment, 1411 
background, 1401 
equipment summary table, 1409-1410 
flow summary table, 1406—1407 
other information, 1403 
phthalic anhydride, 1402 
process flow diagram, 1402—2003 


pump and compressor curves, 1405 
pump curves, 1404 
report format, 1411 
utility summary table for current operation, 1408 
Physical properties 
base-case ratios applied to, 737 
choosing thermodynamic models, 416 
data for PFD synthesis, 371 
estimating fate of chemicals in environment, 1160—1163 
heuristics for, 355 
measuring process variables, 662 
models for process simulation, 401-404 
parameter estimates for thermodynamic models, 601-604 
solids modeling and, 440-442 
PI (proportional-integral), controllers, dynamic simulation, 640 
Pictures, in design reports, 1200, 1206—1207 
PID (proportional-integral-derivative), controllers, dynamic 
simulation, 640-643, 645 
Pie charts 
common mistakes made in, 1225 
corrected version of, 1226 
in design reports, 1200 
guidelines for, 1206—1207 
Pilot plants, developing processes in, 60 
Pinch, defined, 509 
Pinch technology 
below the pinch, 516-517, 542 
composite enthalpy curves and, 524-529 
composite temperature-enthalpy diagram, 523-525 
design at the pinch, 518, 520 
design away from the pinch, 519, 520-523 
design below the pinch, 519-520 
determining EAOC for network, 534-535 
effectiveness factor (F) and number of shells, 529-534 
heat-exchanger network synthesis analysis and design 
(HENSAD), 540-541 
heat integration and network design, 510-513 
mass-exchange networks, 541-549 
materials of construction and operating pressure issues d, 
536-539 
MENS, 541-549 
multiple utilities and, 539 
overview of, 509—510 
solving MUMNE problem, 512-521 
streams with phase changes and, 539-540 
Pinch zone (or pinch temperature) 
design of heat-exchanger network above, 518 
design of heat-exchanger network below, 519 
overview of, 514-515 


Pipe racks, 34-37 
Pipeless batch processes, 60 
Pipes 
calculating frictional losses, 709-711 
calculating pipe sizes in 3-D plot plan, 37-38 
constructing P&IDs, 27—29 
cumene production facility problems, 1427 
drawing isometrics for every pipe in plant, 33 
as fluid flow equipment, 703-708 
friction factors in incompressible flow, 712-719 
heuristics for, 360 
major process and utility, in 3-D plot plan, 41 
sketching in 3-D plot plan, 41 
in system design. See Fluid mechanics 
Piping and instrumentation diagrams (P&IDs) 
acrylic acid separations process, 1050 
applications of, 31-32 
in case history, 10 
constructing, 27—30 
data excluded from, 27 
in design reports, 1200 
plant construction information in, 27 
as starting point for OTS system, 44-45 
summarizing equipment in, 21-23 
Plagiarism, citations of other work vs., 1200 
Planar geometry, overall heat transfer coefficient and, 799 
Planned emissions, EPA, 1140-1141 
Plant costs 
bare module equipment costs at base conditions, 186—189 
bare module equipment costs at nonbase conditions, 
189-194 
calculating bare module costs, 185 
calculating grassroots vs. total module costs, 201-203 
CAPCOST for calculating bare module costs, 204—206 
CEPCI and Marshall and Swift indices, 179-181 
CEPCI applied for inflation, 183-184 
estimating based on capacity, 206-208 
estimating total, 182-184 
factors affecting, 182-183 
Lang Factor technique for, 184 
materials of construction (MOCs) and, 194-199 
module costing technique for, 185 
Plants 
dynamic modeling for start-up/shutdown, 619 
flowshop, 101-103 
jobshop, 103-106 
Plastics, advantages/disadvantages of, 356 
Plate-and-frame heat exchangers, LMTD correction factor, 797 
Plate baffles, S-T heat exchanger design, 785-786 


PLCs (programmable logic controllers), 680-682 
Plot plans 
3-D representation of. See 3-D representation of process 
(plant model) 
locating all equipment in plant, 32-33 
Plug flow reactors (PFRs). See also Nonisothermal plug flow 
reactors (PFRs) 
dynamic simulation of, 632 
examples, 974-975 
input for process simulation, 408 
overview of, 973-974 
performance problems, 1003—1006 
replacing with series of CSTRs, 632 
Pneumatic conveying (transport) reactors, 1001 
Poisons, when to purify the feed, 66 
Pollution 
analyzing PFD for, 1166—1167 
design processes to minimize. See Green engineering 
economics of preventing, 1167—1168 
preventing in process design, 1164—1166 
Pollution Prevention Act (PPA), 1159-1161 
Polyethylene, life cycle analysis of, 1168—1169 
Polymers 
estimating plant cost for MOCs, 194 
used for smaller pressure vessels, 1016 
Polymorphs, solids modeling and, 440-441 
Pool boiling 
determining critical or maximum heat flux in, 815-816 
effects of forced convection on, 817—822 
heat transfer coefficients, 813—817 
Pop valves, in pressure-relief systems, 1145 
Portable devices, in chemical product design, 127, 128 
Positive displacement compressors, 709, 750 
Positive displacement pumps 
increasing pressure/regulating flowrate in streams, 674—676 
overview of, 706 
performance analysis of fluid flow in, 745-746 
Postmortem analysis, oral presentation guidelines, 1214 
Postrationalization, in justification behavior, 1108 
Potential energy, in piping systems, 700—703 
Power recovery equipment 
bare module cost for, 1270 
bare module factors for, 1271 
heuristics for, 358 
input for turbines in process simulation, 406 
purchased costs for, 1273 
PPA (Pollution Prevention Act), 1159-1161 
PR (Peng-Robinson) fugacity model, 417—418 
Practicing, oral communications, 1209 


Precedence ordering, in sequential modular approach, 572-574, 
577 
Precipitators, in batch optimization, 490-494 
Predict, PAR analysis for new heuristics, 349-351 
Predictive problems, performance, 696 
Predictor-Corrector methods, numerical integrator methods, 
636-637 
Preliminary design of chemical processes 
acetone. See Acetone production from isopropyl alcohol 
acrylic acid. See Acrylic acid production from propylene 
CO, and H.S removal. See CO, and H.S removal from coal- 
derived syngas 
converting H.S. See Claus unit design, converting H.S to 
elemental sulfur 
dimethyl ether (DME), 1278-1283 
downward-flow, oxygen blown, entrained-flow gasifiers, 
1371-1377 
drying oil. See Drying oil (DO) production 
ethylbenzene. See Ethylbenzene (EB) production 
ethylene oxide. See Ethylene oxide production 
formalin. See Formalin production 
heptenes. See Heptenes production 
L-phenylalanine and L-aspartic acid. See L-phenylalanine 
and L-aspartic acid, batch production 
maleic anhydride. See Maleic anhydride production from 
benzene 
material factors in equipment cost, 1272-1274 
scope estimate, 172—173 
styrene. See Styrene production 
WGS reactor converting CO to COs, 1352-1356 
Preliminary Design (Scope), in cost estimate, 172 
Present value ratio (PVR), in project evaluation, 291-293 
Presentation mechanics, guidelines for oral, 1213-1214 
Pressure 
bare module costs at nonbase conditions, 189-194 
bare module factor and costs, 199 
condenser and reboiler affecting, 925 
control system for binary distillation column, 685-687 
devices increasing gas, 707 
estimating HEN costs, 536-539 
estimating plant cost for MOCs, 197—199 
estimating utility costs for cooling water tower, 224 
evaluating reactor process conditions, 158—164 
fluidized beds and, 728 
friction factors in incompressible flow, 713-714 
heat exchange between streams and utilities, 676-678 
heat transfer coefficients for pool boiling curve, 813-815 
increasing and regulating, 674-676 
measuring process variables, 662 


operating conditions of special concern for 
reactors/separators, 150—152, 154 
physical property variations and, 355 
reactor design for PFD synthesis and, 372 
reducing with valves, 705 
regulating flowrates and, 660-662 
in two-variable optimization, 481-484 
utility costs for refrigeration and, 227-228 
utility costs for steam production and, 228-234 
Pressure drop 
calculating for packed tower, 931-933 
calculating in nonisothermal PFRs, 992 
for condensers and reboilers, 924-925 
debottlenecking allyl chloride reactor, 1087—1088 
estimating column, 935-936 
heat exchanger design considerations, 837-841 
increasing allyl chloride production, 1386 
matching volume with heat transfer in S-T reactors, 997—999 
measuring flowrate by creating, 730-735 
S-T heat exchanger design, 844-846 
in tray towers, 922—923 
troubleshooting acrylic acid product, 1076—1078 
troubleshooting steam release in, 1080—1081 
Pressure-flow networks, 619-622 
Pressure-relief systems, 1145 
Pressure-relief valves, 1095-1096, 1145 
Pressure-swing adsorption 
guidelines for choosing separation units, 374 
recycling raw materials, 72, 77 
when applicable, 382 
Pressure vessels 
corrosion allowance, 1022 
cyclindrical shells, 1016—1021 
designing, 1016 
heads, 1022 
heuristics for, 359 
mass of vessels and heads, 1023—1024 
material properties, 1016 
nozzles, 1023 
purpose of, 1015 
Pressure wave, in explosions, 1144 
Price, supply/demand affecting market, 311-314 
Primary chemicals, 136—142 
Primary flow paths 
justifying conditions of special concern for, 136 
for toluene hydrodealkylation process, 137—140 
Principal, or present value, of investment, 249 
Principles and Practice (PE) exam, 1124-1125 
Probabilistic approach to quantifying risk 


Monte-Carlo method, 318, 321-324 
overview of, 318-321 
using new technology, 324-325 
Probability distributions 
Monte-Carlo analysis for quantifying risk, 321-324 
Monte-Carlo method, 321-324 
quantifying risk and, 318-321 
Problem-Based Learning (Woods), 1190-1191 
Problem-solving 
debottlenecking. See Debottlenecking 
estimating problem difficulty, 467—468 
strategies for, 1067—1069 
in troubleshooting. See Troubleshooting 
Process concept diagrams, 60—61 
Process conditions 
analysis of, 158-159 
evaluation of exchangers, 164 
evaluation of reactors, 159-164 
for operating at conditions of special concern, 150—154 
overview of, 149—150 
of special concern for operation for other equipment, 
155-158 
of special concern for separation/reactor systems, 150—152 
Process conditions matrix (PCM), conditions of special concern 
in, 158-164 
Process design. See Experience-based principles, in process 
design 
Process flow diagrams (PFDs). See also Synthesis of PFD, from 
BFD 
for 3-D representation of process, 34-35 
batch processes vs. continuous process, 56—60 
in case histories, 10 
combining topology, stream data, and control strategy, 21-26 
conditions of special concern and. See Process conditions 
in design reports, 1200 
equipment information in, 21 
estimating utility costs from, 238—240 
formulating preliminary, 78-83 
heat-exchanger network/process energy recovery, 83 
hierarchy of process design, 55-56 
information in, 14, 83-84 
input/output structure for, 61-63 
pollution/environmental performance, 1166—1167 
process simulation flowsheets vs., 1217—1218 
process topology in, 14—18 
recycle structure. See Recycle structure 
regulation problem using, 655 
separation sequence structure in, 83 
stream information, 18—20 


tracing chemicals. See Tracing chemical pathways, in PFDs 
understanding, as central goal of this book, 11 
updating changes on, 26 
Process fluid mechanics. See Fluid mechanics 
Process Hazard Analysis (PHA), 1145-1146, 1149 
Process heat exchangers, dynamic models for, 627—630 
Process optimization. See Optimization 
Process Safety Management (PSM) of Highly Hazardous 
Chemicals, OSHA 
overview of, 1138—1140 
Risk Management Plan (RMP), EPA, 1142 
Process streams. See Streams 
Process topology 
categorizing information in PFDs, 14-18 
changes from steady-state simulation, 619-622 
combining to give PFD, 21-23 
input flowsheet data for process simulation, 404 
reaction kinetics data for PFD, 370-371 
remaining fixed in parametric optimization, 483 
Process vessels. See Vessels 
Producer, investment, 249 
Product chemicals 
tracing primary chemicals, 136 
troubleshooting off-specification product, 1076-1078 
unwanted products impacting equilibrium or reactor 
operation, 77 
Product design. See Chemical product design 
Product manufacture, in life cycle analysis, 1169 
Product quality, continuous vs. batch processes and, 57 
Product specification, choosing separation units for PFD 
synthesis, 375 
Product storage 
intermediate storage, 108—110 
for single-product campaigns, 106—108 
Product use and reuse, in life cycle analysis, 1169 
Professional development hours (PDHs), renewing PE license, 
1125 
Professional life, whistle-blowing consequences, 1115 
Professional registration (certification) 
engineerin-training certification, 1122—1124 
Principles and Practice (PE) exam, 1124—1125 
reasons for, 1121—1122 
Professionalism. See Ethics and professionalism 
Profit, impact of tax rate on, 274-277 
Profit margins 
base costs in optimization, 471 
economics of chemical product design, 130—131 
evaluating, 325-326 
information from input/output diagrams, 68-69 


recycling raw materials and, 97 
Profitability analysis 
cash flow diagram for new project, 285-287 
discounted criteria and, 291-295 
equipment with different expected operating lives in, 
300-305 
equipment with same expected operating lives in, 299-300 
evaluating risks of new technology, 309-310 
forecasting uncertainty in chemical processes, 310-314 
incremental analysis comparing large projects, 295-297 
incremental analysis for retrofitting facilities, 305-309 
Monte-Carlo analysis for quantifying risk, 321-324 
nondiscounted criteria, 287-291 
probabilistic approach to quantifying risk, 318-321 
profit margins in, 325-326 
rate of return on investments, 298—299 
risk when using new technology, 324-325 
scenario analysis for quantifying risk, 314-315 
sensitivity analysis for quantifying risk, 315-318 
Programmable logic controllers (PLCs), 680-682 
Progress reports, written communications as, 1199 
Propellers, vs impellers of centrifugal pumps, 706-707 
Proportional-integral-derivative (PID), controllers, dynamic 
simulation, 640-643, 645 
Proportional-integral (PI), controllers, dynamic simulation, 640 
Proportional-only (P-only) controllers, dynamic simulation, 
640 
Proprietary knowledge, business codes of conduct, 1127 
Propylene. See also Heptenes production 
design new facility for allyl chloride production, 1394-1396 
producing acrylic acid from. See Acrylic acid production from 
propylene 
producing allyl chloride from, 1383-1386 
producing cumene from. See Cumene production facility 
problems 
producing heptenes from. See Heptenes production 
PSM (Process Safety Management) of Highly Hazardous 
Chemicals, OSHA 
overview of, 1138-1140 
Risk Management Plan (RMP), EPA, 1142 
Public speaking. See Oral communication 
Pulsed columns, extraction equipment, 943 
Pump pits, dangers of, 39-40 
Pumps 
bare module and material factors for, 1267—1271 
calculating horsepower requirements, 713-715 
capacities of process units in common usage, 356 
equipment cost data for, 1251 
estimating utility costs from PFDs, 238—240 


as fluid flow equipment, 706-707 
friction factors in incompressible flow, 712-719 
heuristics for, 360, 361 
increasing pressure/regulating flowrate in process streams, 
674-676 

input for process simulation, 406 
mechanical energy balance in piping systems, 700-703 
performance analysis of pump curves, 743-749 
performance analysis using NPSH, 739-743 
performance of feed section to process, 751-755 
pressure factors, 1266 
purchase costs, 1254 
types of, 706-707 

Punctuation, in written design reports, 1202-1203 

Purge stream, recycling feed and product, 73-75 

Purity 
decision variables in parametric optimization, 479 
of feed, 66-67 
of raw material streams prior to recycling, 76 
recycling raw materials, 71 

PVR (present value ratio), in project evaluation, 291-293 


Q 
Quadratic Programming (QP) 


defined, 464 

flowsheet optimization using Successive QP (SCP), 590-591 

solving linear MPC problems, 683 
Quantitative assessment, in chemical product design, 129 
Quasi-Newton method 

applying to thermodynamic properties, 563-564 

Broyden’s method as, 579-580 

equation-oriented (EO) approach and, 585-586 
Question-and-answer period, oral communications, 1210, 1214 


R 
Radial geometry, overall heat transfer coefficient, 799 
Raffinate, defined, 910 
Random numbers, M-C analysis for quantifying risk, 321-322 
Random packings, packed towers, 928, 930 
Rate equations 
for flowrate of stream, 660 
for fluid flow, heat transfer, mass transfer and chemical 
reactors, 436—440 
kinetic reactors and, 408 
in nonequilibrium-stage modeling problem, 436 
required in EPA hazard assessment, 1142 
Rate expressions, relationships in separations, 882-883 
Rate of return on investment (ROROJ) 
establishing acceptable, 298—299 
nondiscounted methods for incremental analysis, 305-308 


nondiscounted profitability criteria and, 289-291 
objective functions in optimization, 470 
Ratio control system 
applied to water-gas shift (WGS) reactor, 669-671 
overview of, 669 
Raw materials 
affecting supply and demand curves, 313 
calculating yearly cost of, 237-238 
designing pollution prevention, 1165 
determining profit margin, 68—69 
efficiency of use, 70-71, 541-549 
estimating manufacturing costs, 234-237 
green chemistry and, 1163—1164 
in life cycle analysis, 1168 
profit margin analysis using cost of, 326 
purifying prior to recycling, 76 
recycle section of PFD synthesis and, 389 
recycling to ensure maximum profit, 97 
recycling unreacted, 71-75 
RCRA (Resource Conservation and Recovery Act), 1141, 1161 
REACH (Registration, Evaluation, Authorization and 
Restriction of Chemicals), 1137 
Reactants 
evaluating excess in feed, 154 
excess affecting recycle structure, 76 
justifying conditions of special concern for reactors, 162—163 
potential number of recycle streams and, 75-76 
in process concept diagrams, 60—61 
tracing, 136 
Reaction kinetics 
choosing thermodynamic models, 415 
justifying conditions of special concern in reactors using 
PCM, 159-160 
resources on, 84 
role in correct design for chemical reactors, 966-968 
in synthesis of PFD from BFD, 370-371 
Reaction rates 
impact of pressure on, 163 
impact of temperature on, 162—163, 980 
justifying reactors operating at temperature conditions of 
special concern, 152-153 
in reactor and separator feed preparation, 388-389 
reactor kinetics and, 962-964 
synthesis of PFD from generic BFD, 371 
using continuous vs. batch processes, 59 
Reaction vessels. See also Vessels 
in batch processing, 92—94 
batch processing equipment design, 111 
quantifying risk, 314-315 


runaway reactions and catastrophic failure of, 1145 
Reactions. See Chemical reactions 
Reactor block, in BFDs, 64 
Reactor feed preparation block, in BFDs, 63-64 
Reactors 

additional mass transfer effects, 965-969 

bare module factors for, 1274-1275 

batch optimization scheduling issues, 490-494 

control system for water-gas shift (WGS) reactor, 669—671 

cumene reactor case study, 683-685 

dynamic models for, 632 

energy balances and, 971-972 

equilibrium and, 964-965 

equipment cost data for, 1251 

heuristics for, 366 

input for process simulation, 407 

justifying conditions of special concern for, 150-154 

kinetics, 370-371 

kinetics and, 962-964 

mass balances and, 970-971 

models of, 972—980, 1001—1002 

optimization of, 477—478 

performance problems, 1003—1006 

purchase costs for, 1251, 1263 

reasons for multiple, 76 

recycling unwanted products from, 77 

selecting equipment parameters in PFD synthesis, 407 

synthesizing PFD from BFD, 372-373 

transforming feed chemicals into product chemicals, 137 

transport (pneumatic conveying) reactors, 1001 
Readability indices, word-processing software, 1216 
Reboilers. See also Boilers 

debottlenecking strategies for, 939 

impact on performance of distillation columns, 934—942 

in tray towers, 923—926 
Recommendations section 

oral presentation guidelines, 1213 

written report guidelines, 1205 

written report improvements, 1243-1244 
Recommended exposure limits (REL), NIOSH air 

contaminants, 1135 

Rectangular fins 

derivation of fin effectiveness for, 864-866 

fin efficiency for constant thickness, 829-831 

heat transfer surface examples, 833-837 

total heat transfer surface effectiveness, 831-832 
Recycle block, in BFDs, 65 
Recycle loops, defined, 142 
Recycle streams 


number of potential, 75-76 

in parametric optimization, 479 

in PFD synthesis, 389 

phase of, 77-78 

in process simulation, 413—415 

recognizing in chemical processes, 142-145 

in sequential modular approach, 576-577 

using tear streams to solve problems with, 400—401 
Recycle structure 

effect of excess reactants on, 76 

in batch processing, 97 

efficiency of raw material usage, 70-71 

formulating preliminary process flow diagram, 78-83 

identification and definition of, 71-75 

methods for unreacted raw materials, 76-77 

number of reactors required, 76 

overview of, 70 

Pollution Prevention Act of 1990, 1160 

purifying raw materials prior to recycling, 76 

recycling unwanted product/inert, 76-77 
Reevaluate, PAR analysis for new heuristics, 349-351 
Reflux ratio 

factors affecting, 897-899 

reasons for designing high, 899-900 

in single-variable optimization, 480—481 

in two-variable optimization, 481-484 
Refractory-lined pipes, for high-temperature service, 703 
Refrigeration 

estimating utility costs, 222, 225-228 

heuristics for, 367 

new chemical products needed for, 125, 127 

ranges of cooling, 78 
Registered professional engineer, 1124-1125 
Registration, Evaluation, Authorization and Restriction of 

Chemicals (REACH), 1137 

Regulation 

of chemical processes. See Control and regulation of chemical 

processes 

health, safety and environment, 1134 

legal liability of chemical engineers, 1125-1126 

Pollution Prevention Act of 1990, 1159-1160 

protection for whistle-blowers, 1115 
Regulations and agencies, HSE 

EPA, 1140-1142 

Internet addresses for federal agencies, 1134 

list of acronyms for, 1154—1156 

nongovernmental organizations, 1143—1144 

OSHA and NIOSH, 1135-1140 

overview of, 1134-1135 


Process Safety Management (PSM), 1138-1140 
Regulatory control design, dynamic simulation in, 619 
Rehearsal of skills 

in ethical decision-making, 1105—1106 

nonprofessional responsibilities and, 1109—1110 

and reflection in action, 1106—1107 
REL (Recommended exposure limits), NIOSH air 

contaminants, 1135 
Relationships in separations 

energy balances, 877 

equilibrium relationships, 877-878 

mass balances, 876-877 

mass transfer relationships, 878-881 

overview of, 876 

rate expressions, 882-883 
Release of waste, generated in processes, 1160 
Relief (or safety) valves, in pressure-relief systems, 1145, 1166 
Report-writing case study 

assignment memorandum, 1221-1222 

checklist of common mistakes for visual aids, 1244-1245 

checklist of common mistakes for written text, 1245-1246 

example of improved report, 1233-1244 

example with suggestions for improvement, 1231-1233 

overview of, 1221 

response memorandum, 1222-1224 

visual aids, 1224-1230 
Residual cost, evaluating profitability of equipment, 300-301 
Residue curves, ternary azeotropic distillation, 382-388 
Resistances, in heat transfer coefficients, 798—800 
Resource Conservation and Recovery Act (RCRA), 1141, 1161 
Resources 

for engineering ethics, 1118-1121 

on teamwork, 1190—1191 
Response memorandum, report-writing case study, 1222-1224 
Response surface techniques, parametric optimization, 487, 

489 
Responsibilities, group member, 1183 
Responsible Care program, chemical industries, 1143 
Retentate, gas permeation for purifying, 950 
Retroactive liability, 1163, 1168 
Retrofitting, 305-309, 1091 
Return on investment, 298—299 
Revenue 

cash flows/profits in terms of, 275 

profit margin analysis and, 325-326 

sensitivity analysis for quantifying risk, 316-318 
Rigorous hydrodynamic models, 1001 
Rigorous module, distillation column design, 409-411 
Risk 


acceptance, 1133-1134 
assessment, in health and safety, 1131-1134 
concept of, 298—299 
evaluating profitability, 309-310 
forecasting uncertainty, 310-314 
Monte-Carlo analysis for quantifying, 321-324 
probabilistic approach to quantifying, 318-321 
relationship to rate of return, 298—299 
scenario analysis for quantifying, 314-315 
sensitivity analysis for quantifying, 315-318 
Risk Management Plan (RMP), EPA, 1141-1142 
Rod baffles, S-T heat exchanger design, 785, 787 
Roles, group member, 1183 
Rotameters, measuring flowrate, 731 
Runaway reactions, 1145 
Runge-Kutta family methods, 636 
Rupture disks, in pressure relief systems, 1145 


S 
S (Salvage value), nondiscounted profitability criteria, 288—291 
Safety. See also Health, safety, and environment (HSE) 
considerations on when to purify the feed, 66-67 
decision to use continuous vs. batch processes, 59 
simulation in training for, 48 
of work environment, 1131—1134 
Safety data sheets (SDS), HazCom, 1136—1138 
Safety (or relief) valves, in pressure-relief systems, 1145, 1166 
Sales volume, in profitability analysis, 310 
Salvage value (S), depreciation and, 288-289 
SARA (Superfund Amendments and Reauthorization Act) 
CERCLA amended by, 1161 
overview of, 1141 
Saturation 
in condensing heat transfer, 824 
heat transfer coefficients for pool boiling curve, 813-815 
Savings, banks and, 248-251 
Scale models, 3-D plant models, 33 
Scatter plots 
as graphs in design reports, 1200 
guidelines for reports, 1206—1207 
Scenario analysis, for quantifying risk, 314-315 
Scheduling 
batch processes, 97-98, 490—494 
flowshop plants, 103—106 
group tasks, 1185—1186 
jobshop plants, 101-103 
Scheduling charts, design reports, 1200 
Scientists, interactions among, 370 
Scope (Preliminary Design), in cost estimate, 172 


Screens 
bare module factors for, 1275 
equipment cost data for, 1251 
purchase costs for, 1263 
Screw threads, pipe connections, 705 
Scrubbers, in pressure-relief systems, 1145 
SDS (safety data sheets), HazCom, 1136—1138 
Seals, on compressors, 708 
Secure disposal, Pollution Prevention Act of 1990, 1160 
Selectivity 
in chemical product design, 124-125, 128-130 
justifying reactors operating at temperature conditions of 
special concern, 153 
for parallel and series reactions, 977—980 
Selexol unit design. See CO, and HS removal from coal-derived 
syngas 
Self-assessment, group effectiveness, 1178—1180 
Self-confidence, in oral communications, 1209—1210 
Semibatch processes, logic control in, 680-682 
Semicolons, written report guidelines, 1203 
Sensitivity analysis 
decision variables and, 471-472, 487 
in optimization, 489—490 
quantifying risk, 315-318 
steady-state simulators used in, 589 
Sensitivity coefficient, quantifying risk, 315-318 
Separate and purify, recycling unreacted raw materials, 71-73 
Separation 
in allyl chloride production, 1386, 1396—1397 
distillation in. See Distillation 
electrolyte applications, 428 
formulating PFD for, 83 
guidelines for choosing separation units, 374-376 
McCabe-Thiele method for, 903-905 
mist eliminators in V-L separation, 1040—1044 
optimization of, 476—479 
pollution prevention and, 1165 
using alternative technologies for, 477—478 
using mass separating agents, 876, 877 
Separation basis, defined, 875-876 
Separation equipment. See also Separators 
condensers and reboilers, 923—926 
distillation column performance, case study, 934-942 
drums, 911—912 
for extraction, 942-946 
for gas permeation membrane separations, 947-950 
overview of, 875-876 
packed towers, 927-933 
performance of packed and tray towers, 933-934 


for phase separation. See Knockout drums (phase separators) 
pressure drop and, 922—923 
tray towers. See Tray towers 

Separations, basic relationships in 
energy balances, 877 
equilibrium relationships, 877-878 
mass balances, 876-877 
mass transfer relationships, 878—881 
rate expressions, 882-883 

Separations, illustrative diagrams for 
Kremser and Colburn methods for dilute solutions, 905-911 
McCabe-Thiele diagram for distillation, 888-901 
McCabe-Thiele diagram for mass separating agents, 

903-905 

McCabe-Thiele diagram for packed columns, 901-902 
TP-xy diagrams, 883-888 

Separator block, in BFDs, 64-65 

Separator feed preparation block, in BFDs, 64 

Separators. See also Distillation 
analyzing conditions of special concern for, 158—159, 164 
decision variables in parametric optimization, 479 
dynamic simulation of flash separators, 630-632 
justifying conditions of special concern for, 150—154 
optimization in batch systems and, 490-494 
phase. See Knockout drums (phase separators) 

Separators, synthesizing PFD from BFD 
azeotropic distillation, 378-379 
azeotropic distillation in binary systems, 379-382 
azeotropic distillation in ternary systems, 382-388 
feed preparation, 388-389 
gathering physical property data, 371 
guidelines for choosing separation operations, 374—376 
overview of, 374 

Sequencing, batch process design and, 91 

Sequential Function Chart (SFC), 680 

Sequential modular (SM) approach, to steady-state simulation 
accelerated successive substitution (relaxation) methods, 578 
Broyden’s method, 579-580 
direct substitution algorithm, 578 
dominant eigenvalue method (DEM), 578-579 
equation-oriented (EO) approach vs., 585-586 
examples, 580-585, 587-589 
Newton’s method, 579 
optimization of flowsheet convergence and, 590-591 
overview of, 572-578 
SMod approach as hybrid of SM and EO, 586-589 
solving optimization problem using, 592-595 
Wegstein’s method, 579 

Series reactions, reaction kinetics, 977—980 


Servo control design 
dynamic simulation in, 619 
split-range control system, 671-672 
Set point (SP) 
feedback control system and, 663-665 
process control in dynamic simulation, 640, 644 
SF (stream factors), in calculation of yearly costs, 237-238 
Shell-and-tube (S-T) heat exchangers. See also Heat exchangers 
baffles, 784-787 
concentration/temperature profiles in reactors, 987-989 
design algorithm, 838-840 
design algorithm examples, 840—846 
design for pressure drop, 837-838 
effectiveness factor (F) and number of, 529-534 
estimating EAOC for network, 534-536 
estimating heat-exchanger network costs, 537-539 
fixed tubesheet and floating tubesheet (head), 783-784 
heat transfer coefficient for, 992-993 
heat transfer design in, 990-991 
heuristics, 788—789 
LMTD. See LMTD correction factors 
LMTD effectiveness charts, 861-864 
matching volume and heat transfer area, 997-999 
notations for, 781 
overview of, 779 
shell-and-tube partitions, 784-785 
shell configurations, 779-780 
shell-side flow patterns, 785-788 
standard designs for, 781-782 
tubesheet and tube configurations, 780, 782-784 
Shell type, heuristics for S-T heat exchangers, 788-789 
Shells, pressure vessel design for cylindrical, 1016—1021 
Shewart charts, in statistical process control, 682 
Shock wave, in explosions, 1144 
Short-term exposure limit (STEL), air contaminant hazards, 
1135 
Shortcut methods, experience-based principles in process 
design, 348-349 
Shortcut module, in distillation column design, 409 
Sieve trays 
calculating flooding velocities, 915-916 
prone to weeping, 913 
for separation, 912 
Signatures, for design meeting minutes, 1199 
Simple distillation, PFD synthesis, 376-379 
Simple interest, 250, 252 
Simple phase separators. See Knockout drums (phase 
separators) 
Simple savings, 248 


Simplex-Nelder-Mead method, parametric optimization, 489 
Simulated annealing method, parametric optimization, 489 
Simulations 
augmented reality (AR), 46-47 
of chemical processes, 43—44 
common errors in using, 412—413 
convergence criteria and running, 411—412 
dynamic. See Dynamic simulators 
immersive training simulators (ITS), 45-46 
operator training simulators (OTS), 43—46 
output display options, 411 
training for emergencies, safety, and maintenance, 48 
Simulations, input data 
chemical components, 401 
equipment parameters, 405—411 
feed stream properties, 404—405 
flowsheet topology, 404 
physical property models, 401-404 
Simulators 
avoid using raw output in reports, 1217—1218 
dynamic. See Dynamic simulators 
expert systems in, 402 
and friction in groups, 1181 
function of, 397-398 
physical property databanks, 402 
progress reports, 1199 
steady-state. See Steady-state simulators 
structure of, 398—401 
synthesis of PFD using. See Synthesis of PFD, using 
simulators 
types of, 397-398 
Simultaneous method, solutions to DAE systems, 634-635 
Simultaneous modular (SMod) algorithm 
process simulator, 400 
for process simulators, 400 
SM algorithm vs. See Sequential modular (SM) approach, to 
steady-state simulation 
steady-state simulation, 586-589 
Single-input-single-output (SISO) controllers, dynamic 
simulation, 640 
Single-pass conversion 
number of potential recycle streams and, 75-76 
overall conversion vs., 70—71 
in parametric optimization, 479 
reactor design and, 373, 970-971 
shifting equilibrium of reaction, 68 
thermodynamic equilibrium and, 964 
Single-product campaigns, product storage for, 106—108 
Single-stage steam ejectors, 1051-1054 


Single-variable example, of parametric optimization, 480-481 
SISO (single-input-single-output) controllers, dynamic 
simulation, 640 
Site plans, 32 
Six-tenths rule 
capital cost for chemical plant, 182—183 
capital cost for process equipment, 176-178 
Size 
base-case ratio and equipment, 737 
dimensions of standard pipes, 703-705 
of droplet distribution in L-L separation, 1044-1045 
of pressure vessels, 1023-1024 
of vessel in dynamic simulation, 622-624 
Skills 
assessment of, 1—6 
developing with multiple experiences/feedback, 6 
ethical decisions and, 1105—1106 
SL. See Straight-Line (SL) depreciation method 
SLE (solid-liquid equilibrium), 441-443 
Slide shows, oral presentation guidelines, 1211-1213 
SM. See Sequential modular (SM) approach, to steady-state 
simulation 
Societal impact, of chemical engineering, 1101-1102 
SOCMA (Synthetic Organic Chemicals Manufacturers 
Association), 1143 
Software 
author responsibility to know report, 1215-1218 
PDMS, from Cadcentre, Inc., 41 
virtual plant walkthrough, 34 
Soilsorption coefficient, estimating fate of chemicals in 
environment, 1163 
Solid-gas (adsorption), 903 
Solid-liquid equilibrium (SLE), 441-443 
Solid-liquid (leaching, washing, adsorption), 903 
Solid-vapor equilibrium (SVE), 441-442 
Solids modeling 
overview of, 440 
parameter requirements, 442-444 
physical properties, 440-442 
Solvents 
chemical product design for new, 124 
improving environment with green, 1164 
minimizing pollution by recycling, 1165 
Sour-water stripper (SWS), developing, 435-440 
Source reduction regulation, Pollution Prevention Act, 
1159-1160 
SOYD (sum of the years digits) depreciation method, 270-273 
SP (set point) 
feedback control system and, 663—665 


process control in dynamic simulation, 640, 644 
SPC (statistical process control), 682 
Special process hazards factor, Dow Fire & Explosion Index, 
1152 
Speciality chemicals, 123, 124 
Spelling 
using spell-checkers for written reports, 1215 
in written design reports, 1202—1203 
Split-range control system, 671-673 
Splitters 
identifying recycle and bypass streams, 144-145 
input for process simulation, 407 
tracing chemical pathways in PFDs, 135-136 
SQP (Successive Quadratic Programming), in flowsheet 
optimization, 590-592 
Square pitch 
Kern’s method for shell-side heat transfer, 810-813 
layout patterns for tubes, 784 
mechanical cleaning on shell side with, 783 
ST (Structured Text), logic control, 680 
Stack, in pressure-relief system, 1145 
Stage cut, in gas permeation, 949 
Staged separation, in dilution, 906-907 
Staging, of compressors, 750-752 
Stainless steel 
advantages/disadvantages of, 356 
estimating plant cost for MOCs, 194—197 
for pipes in extreme conditions, 703 
temperature conditions of special concern for 
reactors/separators, 151 
Standards for Steam Jet Vacuum Systems, 1050 
Start-up procedures, developing with P&IDs, 31 
State variables, 617, 619 
Stationary head, fixed and floating tubesheet design, 783-784 
Statistical process control (SPC), 682 
Steady-state design, with OTS, 688 
Steady-state material balance, maintaining process control, 656 
Steady-state simulators 
accelerated successive substitution (or relaxation) methods, 
578 
Broyden’s method, 579-580 
direct substitution method, 578 
dominant eigenvalue method (DEM), 578-579 
dynamic simulation using topological changes from, 619—622 
dynamic simulators compared to, 618 
equation-oriented (EO) approach, 585-586 
estimating physical property parameters, 601-604 
need for, 562 
Newton’s method, 579 


operator training simulators (OTS) as, 43-45 
optimization studies, 589-592 
optimizing cost function in flowsheet, 593-595 
optimizing cost of syngas production, 595—600 
overall heat transfer coefficient, 798—800 
overview of, 562 
sensitivity studies using, 589 
SM approach to, 572-578, 580-585 
SMod approach to, 586-589 
solution strategy for, 571-572 
user-added models (UAM) and, 562-563 
user-added unit operation models (UAUOM), 563-564 
user kinetic models, 568, 571 
user thermodynamic and transport models, 564-565 
Wegstein’s method, 579 

Steam 
condensation, 676—678 
conditions of special concern for, 155 
conventions for identifying in PFDs, 18 
cost for high-pressure, 230-231 
cost for low-pressure, 233-234 
cost for medium-pressure, 231-233 
cost of manufacturing (COM), 214, 241-242 
cost of production, 228-234 
cumene production facility problems, 1418 
elevating condensers for high-pressure, 41 
heuristics for physical properties and, 355 
heuristics for piping and, 360 
heuristics for refrigeration and, 367 
heuristics for steam turbines, 358 
input/output structure of process flowsheet for, 66-68 
low-temperature heating via low-pressure, 389 
recycling unwanted product and controlling, 77 
regulation scheme for cumene reactor, 684-685 
supply options for, 221 
temperature conditions of special concern for, 152 
troubleshooting cumene reactor, 1078-1081 
utility costs for off-site, 222-223 
in utility streams of PFDs, 62 

Steam ejectors 
air leaks into vacuum systems, and load for, 1050-1051 
multistage, 1054-1057 
performance of, 1057—1058 
purpose of, 1015, 1049—1050 
running columns at vacuum with, 925 
single-stage, 1051-1054 

Stefan-Maxwell equation 
modeling electrolyte systems, 434 


thermodynamics, 564-565 
STEL (short-term exposure limit), air contaminant hazards, 
1135 
Stiff problems, 635, 636 
Stoichiometric reactors, equipment parameters in PFD 
synthesis, 407 
Stoichiometry, in process concept diagrams, 60—61 
Stokes law 
flow around submerged objects, 724 
in L-L separation, 1044-1045 
Storage 
intermediate, 108—110 
minimizing pollution during loading/unloading tanks, 
1165-1166 
for single-product campaigns, 106—108 
Storage vessels, heuristics for, 359 
Storming stage, in group evolution, 1184-1185 
Straight fin thickness examples, 829 
Straight-Line (SL) depreciation method 
defined, 270 
example, 271-273 
MACRS depreciation allowances using, 273-274 
taxation, cash flow, and profit using, 276 
Strategies for Creative Problem Solving (Fogler and LeBlanc), 
1191 
Strategies, for written communications, 1201—1202 
Stream factors (SF), in calculation of yearly costs, 237-238 
Streams 
base-case ratios applied to properties of, 737 
bypass streams, 142-145 
for cocurrent heat exchanger, 773-775 
combining data to give PFD, 21-24 
in countercurrent heat exchangers, 771-773 
design reports, 1197—1198 
exchanging heat between, 674-679 
feed streams. See Feed chemicals/feed streams 
increasing pressure/regulating flowrate in, 674-676 
information in PFDs, 18—20 
input/output structure and, 60—61 
with phase changes, 775-776 
with phase changes for HEN costs, 539-540 
phase to be recycled, 77 
recycle streams. See Recycle streams 
recycling feed and product with/without purge stream, 73-75 
regulating processes by manipulation of, 655 
tactics for tracing chemicals, 135—136 
tear streams. See Tear streams 
utility streams. See Utility streams 
waste streams. See Waste streams 


Stress and strain relationships 
cylindrical shell design for pressure vessel, 1016—1021 
in pressure vessel design, 1016 
Stress intensity factor, pressure vessel design, 1022 
Strippers 
debottlenecking strategy for, 939-941 
developing sour-water stripper (SWS), 435-440 
in mass-exchange networks, 541-542 
mass separating agents for, 903—904 
obtaining height of packed column, 929 
simulating, 411 
in SM approach, 572 
Stripping section, of distillation column, 890 
Structural support diagrams, 32 
Structure-mounted vertical arrangement, plant layout, 36 
Structured packings, 928 
Structured Text (ST), logic control, 680 
Student self-assessment, 2-4 
Studies, steady-state simulation, 589 
Study groups, team, 1189—1190 
Study (Major Equipment or Factored), capital cost estimate of 
chemical plant, 172-174 
Styrene, equilibrium control in, 67—68 
Styrene production 
major equipment summary, 1297—1298 
making it greener, 1171 
overview of, 1291 
process description, 1291—1292 
process flow diagram, 1293 
reaction kinetics, 1292, 1299 
references, 1299 
simulation (CHEMCAD) hints, 1299 
stream tables, 1294—1296 
utility summary table, 1296 
Submerged objects, frictional flow of fluid for, 723—728 
Substitution of hazardous materials, inherently safe design, 
1153 
Successive Quadratic Programming (SQP) 
case study. See Report-writing case study 
in flowsheet optimization, 590-592 
Successive Quadratic Programming (SQP), in flowsheet 
optimization, 590-592 
Sulfur. See Claus unit design, converting H.S to elemental 
sulfur 
Sum of the years digits (SOYD) depreciation method, 270-273 
Summation equations, MESH, 435-440 
Superfund Amendments and Reauthorization Act (SARA) 
CERCLA amended by, 1161 
overview of, 1141 


Supply and demand, in chemical markets, 311-314 
Surface tension 
heuristics for liquid-liquid extraction, 365 
modeling aqueous electrolyte system, 438—439 
modeling distillation column for electrolyte systems, 449 
modeling electrolyte systems, 434-435 
in Onsager-Samaras Law, 434-435 
Surge line, for centrifugal compressor, 749-750 
Surge tanks, 687 
Survival of personnel, inherently safe design, 1154 
SVE (solid-vapor equilibrium), 441-442 
Swing check valves, 706 
Symbols 
for equations in reports, 1207—1208 
identifying on P&IDs, 29-30 
for use in PFDs, 16—20 
Symptoms 
process for troubleshooting, 1065—1066, 1069-1070 
troubleshooting multiple units, 1076—1078 
Synergy, group efficiency and, 1176-1178 
Syngas, optimization study, 595-600 
Synthesis of PFD, from BFD 
azeotropic distillation, 378-379 
azeotropic distillation in binary systems, 379-382 
azeotropic distillation in ternary systems, 382-388 
environmental control section, 389 
equipment summary table, 390-391 
flow summary table, 390 
guidelines for choosing separation operations, 374—376 
information needs and sources, 370-371 
overview of, 369 
process control loops, 390 
reactor and separator feed preparation, 388-389 
reactor section, 372-373 
recycle section, 389 
separator section, 373—376 
simple distillation, 376-378 
Synthesis of PFD, using simulators 
applying thermodynamic models, 424—426 
building model of aqueous electrolyte, 435-440 
calculating Gibbs free energy for electrolyte system, 445-447 
chemical components, 401 
chemical equilibrium in modeling electrolyte systems, 432 
choosing thermodynamic models, 415-424 
common errors, 412—413 
convergence criteria for simulation, 411—412 
diffusion coefficient in modeling electrolyte systems, 
433-434 
electrolyte systems modeling, 428-435 


enthalpy model, 416-423 
equipment parameters, 405—411 
feed stream properties, 404—405 
flowsheet topology, 404 
handling recycle streams, 413—415 
heat capacity in modeling electrolyte systems, 431-432 
information needed (input data), 401 
modeling distillation column for electrolyte system, 447—519 
molar volume in modeling electrolyte systems, 432 
output display options, 411 
overview of, 397-398 
parameters for solids model, 442-444 
phase equilibria, 416—417 
physical properties in solids modeling, 440-441 
physical properties in thermodynamics, 416 
physical property models, 401-404 
solids modeling, 440-444 
structure of process simulator, 398—401 
surface tension in modeling electrolyte systems, 434—435 
thermal conductivity in modeling electrolyte systems, 433 
toluene HDA case study, 426-428 
viscosity in modeling electrolyte systems, 432-433 
Synthesis pathways, in green chemistry, 1164 
Synthetic Organic Chemicals Manufacturers Association 
(SOCMA), 1143 
System curves, analyzing pump and, 743-749 


T 
T-Q diagrams. See Temperature-enthalpy (T-Q) diagrams 
Table of contents, written report guidelines, 1204 
Tables 
common mistakes in presenting, 1227—1228 
in design reports, 1200 
learning software used for, 1217 
written report guidelines, 1206—1207 
TAMU (Texas A&M University), engineering ethics at, 1118 
Tanks. See also Vessels 
equipment cost data for, 1251 
pressure factors for, 1266 
purchase costs for, 1258 
Task differentiation, in groups, 1176-1177 
Taxation 
impact of tax rate on profit, 274-277 
MACRS as current method of tax depreciation, 273-274 
types of depreciation, 269-273 
Teamwork. See also Groups 
assessing group effectiveness, 1178-1180 
essential to chemical engineering, 1175 
group evolution, 1184—1186 


groups and, 1175-1176 
learning in teams, 1189—1190 
misconceptions about, 1189 
organizational behaviors and strategies, 1180-1184 
resources on, 1190—1191 
task differentiation in, 1176—1177 
team building, 1186—1187 
unique characteristics of teams, 1187—1188 
Teamwork and Project Management (Smith), 1191 
Teamwork from Start to Finish (Rees), 1190 
Tear streams 
convergence methods, 580-585, 587-589 
convergence methods, comparing performance of, 583 
in sequential modular (SM) approach, 572, 575-578 
solving problems with recycles, 400—401 
Technology, new 
advancing steady-state simulation with, 562 
evaluating risks of, 324-325 
Tees, changing flow direction, 705 
Temperature. See also Heat-exchanger networks (HENs) 
composite temperature-enthalpy diagram, 523-529 
in condensing heat transfer, 824—828 
designing nonisothermal CSTRs, 980-984 
effect of ambient conditions on dynamic models, 624 
evaluating reactor process conditions, 158—164 
impact on reaction rate, 162—163, 980 
impacting bare module equipment costs, 190—192 
justifying conditions of special concern in 
reactors/separators in PFD, 158-164 
measuring process variables, 662 
in MUMNE problem, 512-521 
operating conditions of special concern for 
reactors/separators, 150—154 
physical property variations with, 355 
pinch temperature, 514-515 
reactor design for PFD synthesis and, 372-373 
reasons for multiple reactors, 76 
regulating between process streams and utilities, 676-679 
troubleshooting cumene reactor, 684-685 
troubleshooting packed-bed absorber, 1071-1074 
Temperature-enthalpy (T-Q) diagrams 
analyzing reboiler performance after scale-down, 936-937 
for condensers and reboilers, 923-924 
for heat exchangers, 772-774, 776-778, 794 
for phase changes, 775-776, 797-798 
Tempered-water system, split-range control system, 671—672 
Tensile strength, impact of temperature on, 151 
Terminal velocity 
of falling water drops in oils with different viscosity, 


1045-1046 
flow around submerged objects, 723-728 
for water drops in air and oil, 1044-1045 
Terminology 
dynamic simulation, 617 
fires and explosions, 1143 
optimization, 464 
Ternary azeotropic distillation, 382-388 
Texas A&M University (TAMU), engineering ethics at, 1118 
The Team Handbook (Scholtes et al.), 1191 
Thermal conductivity 
copper and its alloys used for high, 194 
of metals and tubes in heat exchangers, 800-801 
modeling aqueous electrolyte system, 438 
modeling electrolyte systems, 433 
physical property heuristics for, 355 
solids modeling and, 442 
using physical property data for PFD design, 371 
Thermal insulation, heuristics for, 362 
Thermal systems, cost of off-site, 223 
Thermodynamic model solver, simulator features, 399 
Thermodynamic models 
calibrating using scarce data, 422-423 
enthalpy model, 416 
estimating physical property parameters, 601-604 
example of using, 424—426 
hybrid systems, 423 
modeling distillation column for electrolyte system, 447—448 
other models, 423 
phase equilibrium model, 416-422 
pure-component properties, 416 
selecting, 415-416 
user, 564—567 
using, 424 
validity of pressure-flow networks in dynamic simulation, 
621-622 
Thermodynamics 
equilibrium in reactors and, 964—965 
justifying conditions of special concern in reactors using 
PFD, 158-161 
must have confidence in selected model for, 404 
Thermosiphon reboilers, 40—41, 633, 779 
Thesaurus, 1215 
Threshold limit values (TLV), air contaminants standard, 1135 
Tie line, TP-xy diagrams for V-L separations, 887 
Time criteria 
discounted profitability criteria, 291-293 
evaluating profitability, 287 
nondiscounted profitability, 287 


Time value of money, investments and, 248-251, 259—261 
Time-weighted average (TWA), air contaminant exposure, 1135 
Tips for Teams (Fisher et al.), 1191 
Titanium and its alloys, selecting materials of construction, 
194-197 
Title page, written report format, 1203 
Title slide, oral presentation guidelines, 1212 
TLV (threshold limit values), air contaminants standard, 1135 
Toluene HDA process 
analyzing conditions of special concern in, 158—164 
BFD for, 11 
case study of simulating, 426—428 
cost of manufacturing benzene via, 241-242 
determining profit margin, 68—69 
distillation column performance, case study, 934-942 
distillation of benzene from, 14-15 
equipment summary for, 24-25 
estimating utility costs from PFDs, 238—240 
evaluating high-pressure phase separator in, 164 
feed purity and trace components in, 66 
input/output structure, 60—63 
PFD for, 22 
process flow diagram, 17, 20 
recycle and bypass streams, 142-145 
specifying equipment parameters for, 409—411 
tracing primary chemical pathways, 137-142 
written process description of, 146—147 
Top-down strategies, in optimization, 468 
Topological optimization 
alternatives for separation and reactor configuration, 
477-478 
eliminating equipment, 475 
eliminating unwanted by-products/waste streams, 473-475 
introduction to, 473 
rearranging equipment, 475-477 
Topology. See Process topology 
Torispherical (dished) heads, pressure vessels, 1022-1024 
Torts, and chemical engineers, 1126 
Total capital for depreciation, 269 
Total module costs, vs. grassroots, 201-203 
Total reflux, 897 
Towers 
capacities of process units in common usage, 356 
equipment cost data for, 1251 
heuristics for, 363 
pressure factors in costs of, 1266 
Toxic Release Inventory, 1141 
Toxic Substances Control Act (TSCA), 1161 
TP-xy diagrams, 876-888 


Trace contaminants, minimizing pollution, 1165 
Tracing chemical pathways, in PFDs 
guidelines and tactics, 135—136 
limitations of, 145-146 
recycle and bypass streams, 142-145 
tracing nonreacting chemicals, 145 
tracing primary paths taken by chemicals, 136-142 
written process description, 146—147 
Tracing chemical species, tactics for, 997 
Training 
for emergencies, safety and maintenance, 48 
immersive training simulators (ITS), 45 
linking OTS with ITS, 46-47 
operator training simulators (OTS), 43—45 
using P&IDs in operator, 31 
Transfer units separation, 880-881, 929 
Transient response, using dynamic simulation to study, 618 
Transmittal letters, for written communications, 1198 
Transport models 
building model of distillation column for electrolyte system, 
448-449 
user, 564—567 
Transport (pneumatic conveying) reactors, 1001 
Trapezoidal method, dynamic simulation integrator algorithms, 
636 
Tray towers 
choosing packed tower vs., 933 
column diameter, 914—919 
column height, 914-915 
condensers and reboilers, 923—926 
downcomers, 912 
energy balances, 877 
entrainment, 914 
equilibrium relationships, 877-878 
flooding, 914-920 
flow patterns, 912—914 
heuristics for distillation/gas absorption, 364 
Kremser and Colburn methods for dilute solutions, 905-911 
mass transfer relationships, 878—881 
McCabe-Thiele method for distillation, 888—901 
McCabe-Thiele method for mass separating agents, 903-905 
McCabe-Thiele method for packed columns, 901—902 
performance of, 933-934 
performance problems of, 933-934 
pressure drop, 922-923 
rate expressions, 882-883 
tray efficiency, 920—922 
tray sizing, 915—916 
tray spacing, 914—919 


tray types, 912-913 
vs. packed towers, 933 
weirs, 912-914 
Trays 
bare module cost for, 1270 
bare module factors for, 1271 
efficiency in distillation column, 920-922 
equipment cost data for, 1251 
material factors for, 1273 
McCabe-Thiele method for distillation using, 903-905 
pressure factors for, 1266 
purchase costs for, 1257 
Triangular fins, 831-832, 833-837 
Triangular pitch 
heat transfer coefficients for flow over tubes, 808 
Kern’s method for shell-side heat transfer, 812-813 
layout patterns for tubes, 784 
Troubleshooting. See also Debottlenecking; Performance 
applying to problems, 1069—1071 
case studies involving multiple units, 1076-1081 
cumene process feed section, 1074—1076 
for an entire process, 1081-1085 
fluid flow. See Fluid flow equipment, performance 
overview of, 1065-1067 
packed-bed absorber, 1071-1074 
performance. See Performance 
problem-solving strategies, 1067—1069 
simulation errors, 412-413 
steps in, 1066 
TSCA (Toxic Substances Control Act), 1161 
Tuning parameters, process control in dynamic simulation, 
641-643 
Turbines 
equipment cost data for, 1251 
mechanical energy balance in piping systems, 700-703 
pressure factors for, 1266 
purchase costs for, 1254 
utility costs for steam production, 228-234 
Turbulent flow 
falling-film condensation on cylinders, 825-828 
film heat transfer coefficient inside tubes, 804—806 
friction factors in compressible flow, 719-720 
friction factors in incompressible flow, 712 
frictional losses for, 709-711 
Turbulent fluidized bed reactors, 1000—1001 
TWA (time-weighted average), exposure to air contaminants, 
1135 
Two-phase model, bubbling fluidized beds, 999-1000, 1002 


U 


U 
U: 
U 
U 
U 
U 
U 


U. 


U 


U 
U. 
UEL (Upper explosive limit), 1144 

UFL (Upper flammability limit), 1144 


-tubes, S-T heat exchanger design, 784, 789 
AMs. See User-added models (UAMs) 


Uis (unlimited intermediate storage), in batch processing, 108 
U: 
UNIFAC model, 422 


nexpected behavior, in problem-solving, 1068—1069 


nlimited intermediate storage (uis), in batch processing, 108 
nstable systems, dynamic modeling for, 619 
nwanted products, recycling, 77 
pper explosive limit (UEL), 1144 
pper flammability limit (UFL), 1144 
.S. Coast Guard, and transport of hazardous materials, 1141 
ser-added models (UAMs) 
examples, 565-570 
overview of, 562-563 
user kinetic models, 568-571 
user thermodynamic and transport models, 564-567 
ser-added unit operation models (UAUOM), steady-state 
simulation, 563-564 
tilities 
constructing P&IDs, 27—29 
dynamic models for heaters and coolers, 625-627 
heuristics for refrigeration and utility specifications, 367 
sketching piping in 3-D plot plan, 41 


Utility costs 


background information on, 219—222 
calculation of, 221-222 

for cooling water tower, 221-225 
estimating from PFDs, 238-240 

formula for cost of manufacturing, 214—217 
for hot circulating heat transfer fluids, 234 
for optimization base case, 469 

problems with multiple utilities, 539 

for refrigeration, 225-228 

in single-variable optimization, 480—481 
for steam production, 228-234 

in toluene HDA process, 241—242 

in two-variable optimization, 483 


Utility flowsheets, 32 
Utility streams 


for cocurrent heat exchanger, 773-775 

conventions for identifying in PFDs, 18—20 

in countercurrent heat exchangers, 771-773 

cumene production facility problems, 1422 

exchanging heat between process streams and, 676—678 

exchanging heat/work between process streams and, 
674-679 


identifying on PFDs, 14-15, 62—63 
mainpulating to regulate processes, 655 
with phase changes, 775-776 


V 
V-L. See Vapor-liquid (V-L) separation 
Vacuum pumps, heuristics for, 361 
Vacuum systems 
conditions of special concerns for reactors/separators, 150 
estimating air leaks for steam ejectors, 1050—1051 
in single-stage steam ejectors, 1051—1052 
Valves 
analyzing conditions of special concern for pressure control, 
164 
binary distillation column case studies, 685—688 
conditions of special concern for, 155-158 
controlling processes with, 656 
as final control in chemical process control loop, 29 
input for process simulation, 407 
minimizing pollution from leaking, 1166 
regulating, 657-659 
regulating flowrate with, 655-656, 660—662, 674-676 
regulating pressure with, 660—662, 674—676 
relief or safety, 1145 
split-range control system, 671-673 
types of, 705-706 
Vanes, of impeller for centrifugal pumps, 707 
Vapor 
in condensing heat transfer, 824—828 
damaging pumps, 706 
justifying separator operations at conditions of special 
concern, 153-154 
Vapor cloud explosions (VCEs), 1144-1145 
Vapor fraction, and feed streams, 404-405 
Vapor-liquid equilibrium (VLE) 
air leaks into vacuum systems and, 1050—1051 
estimating physical property parameters, 601-604 
hybrid systems and, 423 
justifying separator operations at conditions of special 
concern, 153-154 
liquid-state activity-coefficient models, 419-423 
modeling electrolyte systems with, 429-431 
thermodynamic model solver and, 399 
Vapor-liquid (V-L) separation 
designing horizontal V-L separators, 1032—1036 
designing V-L separators, 1029—1032 
equilibrium relationships and, 878 
flooding in mist eliminators, 1038—1040 
flooding in mist eliminators, examples, 1040-1044 


mass balances and, 877 
McCabe-Thiele method for distillation and, 888—901 
mist eliminators/other internals in, 1036—1037 
overview of, 1025—1028 
in packed towers. See Packed towers 
TP-xy diagrams for, 883-888 
in tray towers. See Tray towers 
Vapor pressure, impacting fate of chemicals in environment, 
1162 
Vaporization, 883-884 
Vaporizers 
bare module cost for, 1270 
bare module factors for, 1271 
equipment cost data for, 1251 
material factors for, 1272—1273 
pressure factors for, 1266 
purchase costs for, 1253 
Variables 
in cascade regulation, 668—669 
in combination feedback/feed-forward control, 667 
control strategies for, 663 
in dynamic simulation, 619 
in feed-forward control and regulation, 663-665 
in feedback control and regulation, 663—665 
measuring, 662-663 
VB (Visual Basic), 563 
VCEs (vapor cloud explosions), 1144-1145 
Velocity 
calculating flooding, 915-920 
flow around submerged objects and terminal, 723—728 
for fluidized beds, 728—730 
friction factors in incompressible flow, 712-719 
Kern’s method for shell-side heat transfer, 810 
minimum fluidization, 728—730 
Velocity head, calculating frictional losses, 710 
Venturi, measuring flowrate with, 731, 735 
Vessels 
bare module and material factors for, 1267—1271 
capacities of process units, 356 
dynamic model of flash and, 632 
dynamic simulation and size of, 622-624 
equipment cost data for process, 1251 
estimating plant cost for MOCs, 197-198 
pressure. See Pressure vessels 
pressure factors for process, 1264, 1266 
purchase costs for, 1258 
reaction. See Reaction vessels 
sketches for successful project completion, 32 
Videos, for oral presentations, 1211-1212 


Virtual Plant Tour AVI file, for this book, 41-43 
Virtual reality 
3-D immersive training simulators, 45 
linking OTS with ITS, 46-47 
training for emergencies, safety and maintenance using, 48 
viewing plant before construction, 33 
Viscosity 
calculating frictional losses, 709 
of continuous fluid in L-L separation, 1045-1046 
heat transfer coefficients for turbulent flow in tubes, 
804-806 
modeling electrolyte systems, 432-433 
S-T heat exchanger heuristics, 789 
Visual aids 
content of, 1213 
oral presentation guidelines, 1211-1212 
report-writing and, 1224-1230, 1244-1245 
Visual Basic (VB), 563 
VLE. See Vapor-liquid equilibrium (VLE) 
Voice, in oral presentations, 1214 
Volatile organic compounds (VOCs), Clean Air Act 
Amendments, 1140—1141 
Volume of catalyst, and heat transfer in S-T reactors, 997-999 
Volute, and centrifugal pumps, 707 


W 
Waste disposal, utility costs for plant with multiple process 
units, 223 
Waste heat boilers, 234, 823-824 
Waste management, Pollution Prevention Act of 1990, 
1159—1160 
Waste streams 
activated sludge in biological, 390 
cost of treating liquid/solid, 240-241 
eliminating unwanted hazardous by-products, 477—478 
phthalic anhydride production design for new facility, 1412 
separator design for PFD synthesis, 373—374, 376 
Waste treatment, Pollution Prevention Act of 1990, 1160 
Wastewater treatment 
cost of utilities for plant, 223 
in green engineering, 1165 
information in utility streams for, 18 
maximum concentrations of discharges in, 1126 
modeling electrolyte systems for, 428 
for pollution prevention in styrene production, 1167 
in process optimization, 471, 476 
recycling of inerts in, 76 
utility costs for, 223 
Water 


environmental laws for, 1161 
leaks in steam production requiring makeup, 228 
minimize pollution by recycling, 1165 
properties at different temperatures, 812 
temperature conditions of special concern for, 151-152 
utility costs for cooling tower, 214—217 
utility costs for plant with multiple process units, 222 
utility costs for steam production, 228-234 
Water-gas shift (WGS) reactor 
converting CO to COs, 1352-1356 
ratio control, 669—671 
Weeping, bubble cap/valve trays and, 913 
Wegstein’s method 
performance for tear stream convergence, 583 
SM approach to steady-state simulation, 579-585 
Weir height, estimating column pressure drop, 912, 922-923 
Weirs, liquid level on tray maintained by, 912 
Welded joints, cylindrical shell design for pressure vessel, 1016 
Welds, connecting pipe with, 705 
What-if technique, in Process Hazard Analysis, 1146 
Work, and friction in groups, 1180 
Worker Right to Know regulations, 1136—1138 
Working capital, depreciation of, 269 
Worst case scenario, risk assessment, 1133—1134 
Writer’s block, causes of, 1201 
Written communication 
executive summaries and abstracts, 1198—1199 
exhibits (figures and tables), 1200 
minutes from design meetings, 1199 
overview, 1195-1196 
performance evaluations, 1199 
purposes of, 1196—1197 
references, 1200 
software and author responsibility, 1215—1218 
strategies for writing, 1201-1202 
transmittal letters or memos, 1198 
university guidelines for written design reports, 1202—1209 
Written process descriptions, 146-147 
WVU and Auburn University, oral communication guidelines, 
1212-1214 
WVU and Auburn University, written report guidelines 
equations, 1207—1208 
figures and tables, 1206—1207 
format, 1203-1206 
grammar, punctuation, and spelling, 1202-1203 
group reports, 1203 
how engineering reports are used, 1208-1209 
overview of, 1202 
written communication, 1202-1209 


Y 

Yearly depreciation, 270 

Yearly operating cost (YOC) 
of equipment with different operating lives, 301, 303-304 
estimating utility costs from PFDs, 239-240 
stream factors in calculating, 237-238 

Yearly savings, and pollution prevention, 1167—1168 

Yield, of parallel and series reactions, 977-980 


Z 
Zebra mussels 
brainstorming ideas in chemical product design, 128 
new chemical products needed to prevent, 126 
product manufacturing, 130-131 
Zero wait (zw) batch process, 108 
Ziegler-Nichols tuning rule, dynamic simulation, 641-643 
Žukauskas equation, heat transfer coefficients, 808-809 
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